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A B S T R A C T   

Partial decarbonization of natural gas has the potential to kickstart the hydrogen economy. Up to 20% hydrogen 
volume can be safely accommodated in existing natural gas networks, removing the problem of insufficient 
distribution and end-use infrastructure for pure hydrogen. The present work investigates a technological 
pathway for producing such partially decarbonized gas (PDG) at zero or negative cost: molten salt pyrolysis. 
When producing PDG with 20% H2 instead of pure hydrogen, the demands on the pyrolysis process become 
considerably lighter: The pyrolysis reactor can be operated at lower temperatures, alleviating challenges with salt 
evaporation and reactor corrosion, there is no need for a hydrogen purification step, and the smaller quantities of 
carbon produced from pyrolysis will not rapidly oversaturate high-value carbon markets. Techno-economic as
sessments showed that the pyrolysis pathway can produce PDG at a CO2 avoidance cost of only 11 €/ton 
compared to 135 €/ton for conventional autothermal reforming. When the reactor temperature is increased from 
800 ◦C to 900 ◦C or additional natural gas preheating is done, the CO2 avoidance cost can fall to about − 50 
€/ton, making PDG production profitable even without climate policies. This promising economic performance 
combined with the alleviation of multiple technical and political barriers highlights the strong commercial po
tential of PDG production via molten salt pyrolysis.   

1. Introduction 

The global clean energy transition has gathered strong momentum in 
recent years. However, real-world outcomes continue to deviate widely 
from the net-zero emission pathways regularly published by prominent 
institutions such as the IEA [1] and the IPCC [2]. These deviations are 
gradually forcing the world to acknowledge various practical decar
bonization realities. Arguably the three most important of these are 1) a 
mere tenth of the projected peak global population has thus far crossed 
the 1000 $/month income threshold [3] that would barely qualify as 
decent living standards by Western norms, 2) popular green energy so
lutions have limited reach outside the 20% of global final energy con
sumption served by electricity [1], and 3) material [4] and land-use 
constraints [5] are already imposing considerable constraints at the 
current minor shares of modern green energy. The practical implications 
of these realities are that energy demand growth, especially in the form 
of heavy industry, machinery, and transportation required to lift billions 

out of poverty, will continue and that green electricity production has 
limited scope to abate these emissions. This is among the reasons why 
global CO2 emissions keep rising despite the momentum and policy 
support behind clean energy, most prominently wind and solar power. 
As a result, the projected emissions overshoot by 2030 relative to a 1.5 
◦C emissions pathway is 23–27 GtCO2,eq/year [6] (half of total global 
greenhouse gas emissions). 

Given the above constraints, practically realistic energy transition 
pathways must allow for the continued dominant role of energy-dense 
fuels in the global energy system and accept that economic upliftment 
outweighs climate change as a priority for a large majority of global 
citizens. Thus, practical and economical decarbonization of fuels must 
be a central objective. Hydrogen is often considered as the primary 
candidate for this vital role. However, hydrogen faces multiple serious 
challenges, primarily a lack of transmission and end-use infrastructure, a 
low volumetric energy density that makes it much less practical than 
traditional fuels, and high production and distribution costs. 

The present study explores a technological pathway to partially 
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decarbonize natural gas without encountering any of the above- 
mentioned challenges. It rests on the principle that 15–20% (by vol
ume) of hydrogen can be blended into natural gas pipelines without 
modifying transmission or end-use infrastructure [7]. This pathway is 
often considered in proposals to blend pure hydrogen into natural gas 
networks. Aside from technical challenges related to locally high 
hydrogen fractions [8], this is a very expensive proposition. Even 
long-term projections of low-carbon hydrogen production costs [9] are 
multiple times more expensive than natural gas production (cost curves 
in the supplementary information of Welsby et al. [10]). In the best-case 
scenario, advanced H2 production pathways from natural gas [11,12] 
more than double the cost of the produced energy relative to the 
incoming fuel. 

A more thermodynamically and economically efficient pathway 
would be the partial decarbonization of natural gas, purposefully 
exploiting the milder equilibrium limitations and gas separation re
quirements compared to pure hydrogen production. Commercially 
available autothermal reforming (ATR) with pre-combustion CO2 cap
ture presents a simple solution for such a plant, and it will be assessed as 
a benchmark technology in the present study. However, another 
emerging pathway lends itself well to such a partial decarbonization 
pathway: molten salt pyrolysis. 

Research on molten medium (metal or salt) methane pyrolysis has 
shown a steadily growing interest driven by a multiple of advantages 
such as the high heat transfer in the melt, but also the potential for better 
control of the melt composition to manipulate its physical and chemical 
properties to enhance the reaction kinetics and solid carbon recovery 
[13–16]. Under relevant operating conditions, methane fed to the melt 
splits into gaseous hydrogen and solid carbon, the latter depositing in 
the melt and floating to the surface for easy removal [17]. Research on 
molten metal focused on mapping out the reaction kinetics by screening 
different metals, in pure and mixture forms, to improve conversion and 
lower activation energy [15–18]. The reaction kinetics remain, however 
slow with high activation energy [17,19], and the recovered carbon has 
shown high contamination [20]. Molten salt was found to improve 
carbon purity benefiting from salt solubility in water if a post-product 
wash is applied. Multiple salt combinations were tested, showing 
different performances in terms of conversion, carbon purity and 
structure [13,14,21]. 

Several techno-economic assessment studies have revealed prom
ising prospects for this process, outperforming existing technologies 
such as SMR if the reaction kinetics of the process are improved and a 

market is created to absorb the associated solid carbon product [18,22, 
23]. Utilizing methane pyrolysis as a pre-reformer targeting only con
verting the heavier hydrocarbons could create a streamlined, 
cost-effective technology deployment strategy in existing commercial 
processes without saturating the solid carbon market [24]. 

The most important techno-economic concerns facing molten salt 
pyrolysis are operating challenges from salt evaporation and corrosivity 
at high temperatures, challenges with removing salt deposits from the 
pure carbon product, and the limited industrial market for carbon in 
comparison to the large energy market for decarbonized fuels. These 
challenges are naturally addressed by lowering the demands on the 
process when producing partially decarbonized gas (PDG) containing 
20% hydrogen by volume instead of pure hydrogen. With this modest 
natural gas conversion requirement, the reactor temperature can be 
lowered from 1000 ◦C to 800 ◦C, greatly reducing the salt volatility and 
corrosivity as well as the load on the reactor construction material. 
Furthermore, converting only a fraction of the incoming natural gas 
limits the production of pure carbon, allowing a large quantity of PDG to 
be produced before saturating high-value carbon markets. As an addi
tional benefit, the PDG from pyrolysis will consist almost entirely of CH4 
and H2 with hardly any of the oxidized species (CO, CO2, H2O) present in 
a PDG from conventional natural gas reforming where oxidants (O2 or 
H2O) are required in the reaction. 

To date, no study available in the literature has quantified the eco
nomic implications of the above-mentioned benefits. The present work 
addresses this research gap by conducting a bottom-up techno-economic 
assessment of a molten salt pyrolysis process producing PDG containing 
20% hydrogen. The performance of the pyrolysis process is bench
marked against more conventional pathways relying on autothermal or 
electrified reforming. Subsequently, pathways to negative-cost PDG 
production (PDG becoming cheaper than the natural gas feedstock) are 
explored, and key sensitivities are identified. Finally, the study con
cludes by outlining the commercial promise of molten salt pyrolysis for 
PDG production. 

2. Methodology 

The methodology is presented in four sections: 1) process de
scriptions of the three main plants assessed, 2) information about pro
cess modelling, 3) the economic methodology, and 4) the performance 
metrics used. 

Nomenclature 

Acronyms 
4C Counter-current carbon cleaner 
CAC CO2 avoidance cost 
CCS CO2 Capture and Storage 
IEA International Energy Agency 
IPCC Intergovernmental Panel on Climate Change 
LCOP Levelized cost of partially decarbonized gas 
NG Natural gas 
PDG Partially decarbonized gas 

Symbols 
ACF Annual cash flow (€/year) 
C Annual costs (€/year) 
CA CO2 avoidance (%) 
CAC CO2 avoidance cost (€/ton) 
CONG Cost of natural gas (€/GJ) 
E CO2 emissions intensity (ton/GJ) 
i Discount rate (%) 

LCOP Levelized cost of PDG (€/GJ) 
LHV Lower heating value (MJ/kg) 
ṁ Mass flow rate (kg/s) 
NPV Net present value (€) 
n Plant lifetime + construction time (years) 
P Annual production (GJ/year) 
R Annual revenues (€/year) 
t Year in the plant lifecycle 
Ẇnet Net power production (MW) 
η Efficiency (%) 
φ Capacity factor (%) 

Sub- and superscripts 
C Carbon 
El Electric 
FOM Fixed operating and maintenance costs 
NG Natural gas 
PDG Partially decarbonized gas 
VOM Variable operating and maintenance costs  
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2.1. Process description 

This subsection will present the three main plants simulated in this 
work: the molten salt pyrolysis process and two benchmarks: auto
thermal reforming (ATR) and electrified reforming (ER). 

2.1.1. Pyrolysis 
The pyrolysis plant simulated in this work is illustrated in Fig. 1 with 

stream data in Table 1. Natural gas (1) is preheated and desulphurized 
before being fed to the electrically heated molten salt pyrolysis reactor 
operated at 800 ◦C in the base case. To prevent significant quantities of 
salt from evaporating and fouling downstream equipment, part of the 
PDG product (2) is recycled, cooled by preheating the incoming natural 
gas stream, and fed back to the freeboard of the pyrolysis reactor (3). 
The split of stream 2 is adjusted to achieve sufficient quench to keep the 
reactor outlet below 650 ◦C, which should result in manageable levels of 
evaporated salt entrainment [22]. The carbon product (4) overflows at 
the top of the reactor and falls through the counter-current carbon 
cooler where a small quantity of natural gas (5) is fed to cool the carbon 
and evaporate traces of salt adhered to the carbon product. This natural 
gas also experiences a small amount of cracking as the carbon itself has 
some catalytic activity, thus contributing to the PDG production (6). The 

primary PDG product stream is cooled by raising steam for a steam 
turbine (9 & 10). After this initial cooling, stream 7 is further cooled, 
recompressed, and fed back into the natural gas pipeline (8). 

2.1.2. Benchmarks 
Two benchmark technologies are simulated. The first benchmark is 

autothermal reforming (ATR), illustrated in Fig. 2 and Table 2. Natural 
gas (1) is preheated and desulphurized before being mixed with steam 
(10) raised from the exothermic water-gas shift (WGS) reactions. Higher 
hydrocarbons are then reformed in the pre-reformer with additional 
preheating using the hot outlet of the ATR reactor (4). Heat in the ATR is 
supplied by combusting some of the preheated fuel/steam mixture (2) 
with oxygen (3) supplied by an air separation unit. The cooled syngas 
stream (5) is then fed to the high-temperature (HTS) and low- 
temperature (LTS) shift reactors to convert CO and H2O into CO2 and 
H2. In addition to raising process steam (10), the heat from the WGS 
reactions also raises low-pressure steam (9) for solvent regeneration in 
the MDEA CO2 capture unit where most of the CO2 is separated (8) for 
compression, transport, and storage/utilization. The resulting PDG 
stream is recompressed and fed back into the natural gas pipeline (7). 

The ER benchmark is shown in Fig. 3 and Table 3. Natural gas (1) is 
preheated and desulphurized before being mixed with process steam 

Fig. 1. Process flow diagram of the pyrolysis plant.  

Table 1 
Stream table of the pyrolysis plant illustrated in Fig. 1.  

Stream m (kg/s) T (◦C) P (bar) Mol percentages 

CH4 C2+ H2 CO H2O CO2 N2 O2 Ar C 

1 73.3 15.0 69.0 89.00 8.11 0.00 0.00 0.00 2.00 0.89 0.00 0.00 0.00 
2 88.0 649.5 66.6 76.55 0.02 20.01 0.10 2.51 0.04 0.77 0.00 0.00 0.00 
3 20.9 36.9 66.6 76.55 0.02 20.01 0.10 2.51 0.04 0.77 0.00 0.00 0.00 
4 10.3 150.0 66.6 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 100.0 
5 4.1 15.0 69.0 89.00 8.11 0.00 0.00 0.00 2.00 0.89 0.00 0.00 0.00 
6 3.6 800.0 67.0 76.01 0.02 19.80 0.00 3.27 0.04 0.77 0.00 0.00 0.00 
7 66.4 80.0 65.3 76.55 0.02 20.01 0.10 2.51 0.04 0.77 0.00 0.00 0.00 
8 64.2 39.3 71.0 78.44 0.02 20.50 0.00 0.10 0.04 0.79 0.00 0.00 0.00 
9 42.6 550.0 140.0 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 100.0 0.00 
10 42.6 36.0 0.1 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 100.0 0.00  
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raised from the WGS reactions (9) and combustion of a fraction of the 
produced PDG (10). A small amount of PDG combustion in a boiler was 
required to achieve the steam-to-carbon ratio of 2, assumed as a mini
mum value needed to avoid carbon deposition in the reformer. The 
resulting mixture is pre-reformed and further preheated with the hot 
outlet of the electrified reformer (3). The cooled syngas stream (4) is fed 
to the WGS reactors and the resulting reaction heat used for raising 
process steam (9) and low-pressure steam (8) for the MDEA CO2 capture 
unit. The MDEA unit separates the CO2 for compression and storage/ 
utilization (7) and the remaining PDG is recompressed and fed back into 
the pipeline (6). 

2.2. Process modelling 

Aspen Plus was used to conduct the process modelling for all plants 
assessed in this work. Peng-Robinson was used for determining the 
stream properties. Various other important modelling assumptions are 
detailed in Table 4. 

All reactors were modelled as RGIBBS modules, assuming all re
actions proceed to the thermodynamic equilibrium and that the molten 
salt only acts as a catalyst. Thermodynamic equilibrium is a reasonable 
assumption for Ni-catalysed reforming reactions, but not for the much 

slower molten salt pyrolysis reactions. Therefore, the pyrolysis system 
was simulated not to reach equilibrium conversion by specifying the 
RGIBBS reactor at a lower temperature and adding a process heater af
terward to ensure that the PDG product exits at the reactor temperature. 
The equilibrium temperature in the pyrolysis RGIBBS module (always 
below the actual reactor temperature) was adjusted to achieve the 
specified H2 fraction in the PDG (20% by volume in the base case). 
Subsequently, the difference between the simulated conversion and 
equilibrium conversion at the reactor temperature is used to calculate 
the required gas residence time in the reactor (and thereby the reactor 
size) according to the methodology outlined in greater detail in a pre
vious work [25]. 

Specifically, the reactor height (H) [m] in Eq. (1) is adjusted so that 
the outlet CH4 molar concentration (CCH4 ,out) [mol/m3] equals the 
simulated value from the RGIBBS reactor operated at a temperature 
below the actual reactor temperature, where CCH4 ,in is the inlet CH4 
concentration and CCH4 ,eq is the equilibrium concentration at the real 
reactor temperature. Bubble column parameters including the void 
fraction of small (ϵs,b) and large (ϵl,b) bubbles and the rise velocity of 
small (Us,b) and large (Ul,b) bubbles [m/s] were estimated from the 
correlations of Wilkenson et al. [27]. The temperature-dependent re
action rate constant (k) [1/s] was derived from a small-scale molten salt 

Fig. 2. Process flow diagram of the autothermal reforming (ATR) plant.  

Table 2 
Stream table of the ATR plant illustrated in Fig. 2.  

Stream m (kg/s) T (◦C) P (bar) Mol percentages 

CH4 C2+ H2 CO H2O CO2 N2 O2 Ar C 

1 6.8 15.0 69.0 89.00 8.11 0.00 0.00 0.00 2.00 0.89 0.00 0.00 0.00 
2 17.5 730.0 69.0 39.11 0.00 0.66 0.00 58.78 1.05 0.39 0.00 0.00 0.00 
3 6.8 20.3 70.0 0.00 0.00 0.00 0.00 0.00 0.00 1.19 95.01 3.80 0.00 
4 24.2 1000.0 69.0 2.25 0.00 44.51 14.83 31.24 6.33 0.37 0.00 0.46 0.00 
5 24.2 350.0 69.0 2.25 0.00 44.51 14.83 31.24 6.33 0.37 0.00 0.46 0.00 
6 24.2 283.4 69.0 2.25 0.00 58.02 1.33 17.74 19.83 0.37 0.00 0.46 0.00 
7 4.5 41.5 70.0 3.55 0.00 91.38 2.10 0.10 1.56 0.59 0.00 0.73 0.00 
8 14.2 16.5 100.8 0.00 0.00 0.00 0.00 0.00 100.0 0.00 0.00 0.00 0.00 
9 5.4 120.0 1.8 0.00 0.00 0.00 0.00 100.0 0.00 0.00 0.00 0.00 0.00 
10 10.7 300.0 69.0 0.00 0.00 0.00 0.00 100.0 0.00 0.00 0.00 0.00 0.00  
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pyrolysis reactor operated with different catalytically active KCl/MnCl2 
salt mixtures [26]. Thus, the methodology can be interpreted as a 
scale-up of experimental results observed in the laboratory. 

Since the kinetic model employed only accounts for methane (the 
most difficult hydrocarbon component to crack), the contribution of 
higher hydrocarbons introduces some uncertainty. The methodology 
employed here assumes that the higher hydrocarbons would crack 
rapidly in a manner that leaves the methane mol fraction in the 
incoming natural gas approximately unchanged at 89%. Based on ex
periments showing that propane cracks into approximately equal parts 
of CH4 and H2 (with a stoichiometric balance of C) and achieves 

complete conversion within a short residence time [28], this should be a 
reasonable assumption. 

2.3. Economic assessment 

The economic assessment was carried out using the standardized 
economic assessment (SEA) tool developed by the authors [29] (a user’s 
guide is available online [30]). This tool assesses standard process units 
such as compressors, heat exchangers, and vessels with cost correlations 
from Turton et al. [31], whereas capacity-cost correlations were used for 
other process units based on cost data from Spallina et al. [32], Shuster 

Fig. 3. Process flow diagram of the electrified reforming (ER) plant.  

Table 3 
Process flow diagram of the ER plant illustrated in Fig. 3.  

Stream m (kg/s) T (◦C) P (bar) Mol percentages 

CH4 C2+ H2 CO H2O CO2 N2 O2 Ar C 

1 6.1 15.0 69.0 89.00 8.11 0.00 0.00 0.00 2.00 0.89 0.00 0.00 0.00 
2 18.9 920.0 69.0 30.92 0.00 4.91 0.02 61.90 1.93 0.32 0.00 0.00 0.00 
3 18.9 1000.0 69.0 4.89 0.00 53.93 13.75 23.55 3.66 0.22 0.00 0.00 0.00 
4 18.9 394.9 69.0 4.89 0.00 53.93 13.75 23.55 3.66 0.22 0.00 0.00 0.00 
5 18.9 275.2 69.0 4.89 0.00 66.06 1.62 11.42 15.79 0.22 0.00 0.00 0.00 
6 4.5 41.5 70.0 6.64 0.00 89.71 2.20 0.09 1.07 0.30 0.00 0.00 0.00 
7 10.7 16.5 100.8 0.00 0.00 0.00 0.00 0.00 100.0 0.00 0.00 0.00 0.00 
8 4.2 120.0 1.8 0.00 0.00 0.00 0.00 100.0 0.00 0.00 0.00 0.00 0.00 
9 10.5 500.0 69.0 0.00 0.00 0.00 0.00 100.0 0.00 0.00 0.00 0.00 0.00 
10 2.4 500.0 69.0 0.00 0.00 0.00 0.00 100.0 0.00 0.00 0.00 0.00 0.00  

CCH4 ,out =CCH4 ,eq +

ϵs,b exp
(

− k
Us,b

H + ln
(
CCH4 ,in − CCH4 ,eq

)
)

+ ϵl,b exp
(

− k
Ul,b

H + ln
(
CCH4 ,in − CCH4 ,eq

)
)

ϵs,b + ϵl,b
Eq. 1   

S. Cloete et al.                                                                                                                                                                                                                                   



International Journal of Hydrogen Energy 55 (2024) 164–176

169

et al. [33], Liu et al. [34], and Arnaiz del Pozo et al. [35]. The complete 
SEA tool spreadsheets with all calculations are available online.1 

The pyrolysis reactor was represented by two process vessels: an 
inner shell constructed from a Ni-alloy to carry the thermal and corro
sion loads and a carbon steel shell outside a 20 cm insulation layer to 

carry the pressure load. The cost of the inner vessel was increased by 
50% to account of additional reactor-specific elements like gas distrib
utors and a carbon removal mechanism. Electrical heating elements in 
the pyrolysis reactor and the electrified reformer are represented as 
heating wires and a transformer based on costs from Stack et al. [36]. 

Once the bare erected cost of each unit in the plant is determined 
using the above methods, it is scaled for currency, year, and location to 
2020 Euros in Western Europe. Additional multipliers are then added to 
determine the total overnight cost as described in Table 5. Subsequently, 
fuel and other operating costs as well as revenues from carbon sales are 
calculated according to the assumptions detailed in Table 5 and a cash 
flow analysis is completed to determine the levelized cost of the PDG 
product (see the subsequent section for more details). 

2.4. Performance metrics 

Various efficiency metrics are defined to characterize the perfor
mance of the plants evaluated in the present study. In general, plants 
consume natural gas and some electricity to produce PDG and, in the 
case of pyrolysis, carbon. Thus, PDG, carbon, and electric efficiencies are 
defined according to Eq. (2) - Eq. (4), noting that the electric efficiency is 
negative when power is consumed. The overall efficiency (Eq. (5)) is 
taken simply as the sum of the three individual efficiencies. 

ηPDG =
ṁPDGLHVPDG

ṁNGLHVNG
Eq. 2  

ηC =
ṁCLHVC

ṁNGLHVNG
Eq. 3  

ηEl =
Ẇnet

ṁNGLHVNG
Eq. 4  

η= ηPDG + ηC + ηEl Eq. 5 

CO2 avoidance is calculated by comparing the CO2 emissions intensity 
(ton/GJ) of the produced PDG to that of natural gas. These emissions 
intensities are determined by fully combusting these respective streams 
in the flowsheet (isothermally under ambient conditions) to determine 
how much CO2 is released per unit of heat produced. No CO2 emissions 
are associated with electricity consumption, inherently assuming that the 
electricity is either carbon-free or any CO2 emissions are already priced 
into the electricity cost used in the economic assessment. Similarly, the 
carbon is assumed to be consumed in an end-use application where it will 
not be oxidized and emitted as additional CO2. 

CA=
ENG − EPDG

ENG
Eq. 6  

In terms of economic performance, the key indicators are the levelized 
cost of PDG (LCOP) and the CO2 avoidance cost (CAC). The LCOP is 
determined by performing a cash flow analysis based on the assumptions 
detailed in Table 5. The LCOP is the selling price of PDG required to set 
the net present value (NPV) of the plant to zero. 

NPV =
∑n

t=0

ACFt

(1 + i)t Eq. 7  

ACFt =φ ⋅ (RPDG +RC − CNG − CVOM) − Ccapital − CFOM Eq. 8  

RPDG = LCOP•PPDG Eq. 9 

The CAC is subsequently calculated based on the LCOP, the cost of 
the natural gas (CONG) it displaces, and the CO2 emissions intensities of 
the two fuels. 

CAC =
LCOP − CONG

ENG − EPDG
Eq. 10  

Table 4 
Key assumptions implemented in the process simulations.  

Parameters Values Units 

H2 production rate in PDG 2 kg/s 
Compressor isentropic efficiency 85 % 
Compressor mechanical efficiency 95 % 
Turbine isentropic efficiency 85 % 
Turbine Mechanical efficiency 95 % 
Minimum approach in heat exchangers 10 ◦C 
Pressure drop in heat exchangers (gas) 2 % of inlet stream 
Pressure drop in heat exchangers (liquid) 0.4 bar 
Cooling tower water inlet temperature 40 ◦C 
Cooling tower water outlet temperature 20 ◦C 
NG and PDG delivery (pipeline) 

pressures 
69 bar 

Natural gas inlet temperature 15 ◦C 
ATR outlet temperature 1000 ◦C 
ER outlet temperature 1000 ◦C 
Pyrolysis reactor temperature 800–900 ◦C 
ASU energy demand 343.4 kWh/tonO2 

Steam turbine inlet temperature 550 ◦C 
Steam turbine inlet pressure 140 bar 
Steam turbine outlet pressure 0.05 bar 
Excess air flow rate in the boiler 1.1 times Stoichiometric 

requirement  

Table 5 
Economic evaluation assumptions.  

Capital estimation methodology 

Bare Erected Cost (BEC) SEA Tool Estimate 
Engineering Procurement and Construction (EPC) 10% of BEC 
Process contingency (PS) – applied to the pyrolysis 

reactor 
30% of BEC 

Project Contingency (PC) 20% of (BEC + EPC + PS) 
Total Plant Cost (TPC) BEC + EPC + PS + PC 
Owner’s Costs (OC) 15% of TPC 
Total Overnight Costs (TOC) TPC + OC 

Operating & maintenance costs 

Fixed 

Maintenance 2.5 %TOC 
Insurance 1 %TOC 
Labour 60 k€/y/person 
Operators 20 Persons 

Variable 

Natural gas 6.5 €/GJ 
Electricity 60 €/MWh 
Process water 6 €/ton 
Make-up water 0.35 €/ton 
CO2 tax 100 €/ton 
CO2 T&S cost 20 €/ton 
Salt make-up 2 €/kg 
Salt lifetime 2 years 
Carbon sales pricea 500 €/ton 

Cash flow analysis assumptions 

1st year capacity factor 65 % 
Remaining years 85 % 
Discount Rate 8 % 
Construction period 2 years 
Plant Lifetime 25 years  

a Implemented as a negative cost. 

1 https://bit.ly/44VLWgE. 
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3. Results and discussion 

Results will be presented and discussed in five sections: 1) bench
marking of partial natural gas decarbonization via pyrolysis against 
more conventional autothermal reforming (ATR) and electrified 
reforming (ER) routes, 2) the effect of carbon cleaning technology, 3) the 
effect of reactor operating temperature and H2 product fraction, 4) the 
potential offered by more advanced preheating schemes, and 5) the 
sensitivity to six uncertain parameters. 

3.1. Benchmarking 

Fig. 4 shows the comparison of pyrolysis against the ATR and ER 
benchmarks. The comparison is complicated by the fact that the 
benchmark technologies performed best when achieving far higher 
levels of CO2 avoidance than the 10.7% of the pyrolysis technology 
delivering a product containing 20% H2. In other words, the ATR and ER 
processes generate product streams with much higher H2 fractions that 

will release less CO2 upon combustion. High conversion in these pro
cesses was the least-cost option because the relatively large number of 
process units involved in these processes rapidly increase in cost with 
the higher natural gas flowrates that must be processed to achieve the 
targeted H2 output if the conversion is lowered. Thus, Fig. 4 gives two 
sets of results: unadjusted results in the top row and adjusted results in 
the bottom row, where natural gas is added to the product streams of the 
ATR and ER plants so the blended product achieves identical CO2 
avoidance to pyrolysis. 

Under the assumptions employed, the ATR and ER technologies 
deliver similar levelized costs, albeit with different efficiency and cost 
breakdowns. Fig. 4 (top-left) shows that ER requires large electricity 
imports and achieves a thermal efficiency in excess of 100% as electrical 
energy is converted into chemical potential energy in the electrified 
reformer. Since electricity is more expensive than natural gas, increasing 
thermal efficiency at the expense of an equivalent amount of electricity 
imports is not economically favourable. However, Fig. 4 (top-right) 
shows that the higher energy costs of the ER plant are compensated by 

Fig. 4. Benchmarking of pyrolysis targeting 20% H2 in the product stream at 800 ◦C reactor temperature against ATR and ER alternatives. Variable O&M costs 
consist mainly of electricity imports and the grey dashes indicate the summation of the different components of efficiency and levelized cost. Top row: Unadjusted 
results. Bottom row: Natural gas added to benchmark technologies to yield the same CO2 intensity as the pyrolysis technology. 
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lower capital and fixed O&M costs relative to ATR. Capital cost savings 
originate mainly from avoiding an ASU but also from the electrified 
reformer costing only about half as much as the autothermal reformer, 
which includes a high-temperature combustion zone in addition to the 
reforming zone also present in the electrified reformer. In addition, the 
ER plant reduces the size of all other units by 10–20% due to a smaller 
syngas stream with a reduced quantity of oxidized species. Despite these 
savings, the high cost of consumed electricity and the slightly lower CO2 
avoidance make the ER plant slightly more expensive than the ATR plant 
in terms of CO2 avoidance cost. 

The pyrolysis technology achieves far lower CO2 avoidance costs 
than either benchmark (10.8 €/ton relative to 135.3 €/ton for ATR and 
139.0 €/ton for ER). As illustrated in Fig. 4, this large cost advantage is 
primarily due to revenues from selling pure carbon at 500 €/ton. 
Without carbon revenues, producing PDG with pyrolysis would be more 
expensive than the benchmarks, mainly because 9.3% of the incoming 
natural gas heating value ends up in carbon instead of PDG. Naturally, 
the economic attractiveness of the pyrolysis pathway will be highly 
dependent on the carbon price, which will be discussed in a subsequent 
sensitivity analysis. This carbon product replaces the CO2 captured for 
transport and storage from the benchmark plants, which would be a 
significant practical advantage in regions without access to CO2 storage/ 
utilization opportunities. 

The adjusted efficiencies (Fig. 4, bottom-left) show that the pyrolysis 
technology consumes as much electricity as the ER case, which is sur
prising at first glance because methane cracking is much less endo
thermic than steam methane reforming. This effect results from the 
limited natural gas preheating done in the base case pyrolysis plant to 
avoid carbon deposition in the preheater, resulting in more electricity 
being consumed to heat the large incoming natural gas stream than to 
drive the endothermic pyrolysis reactions. The economic advantages of 
further natural gas preheating will be discussed in a later section. 

In terms of capital costs, the adjusted numbers (bottom-right in 
Fig. 4) show that the pyrolysis plant is more capital intensive than the ER 
plant despite its simplicity. This is due to the relatively high cost of the 
pyrolysis reactor due to the large volume of unreacted natural gas that 
must be processed. Still, capital costs (and fixed O&M) are minor cost 
contributors in these plants that only convert a relatively small fraction 
of the incoming natural gas stream. 

3.2. Carbon cleaning 

Fig. 5 shows the small effect of changing the technology for removing 
traces of salt that will exit with the carbon product. In the authors’ prior 
study focusing on molten salt pyrolysis for pure H2 production [25], the 
base case involved carbon washing in hot water. Such an arrangement is 
relatively costly due to the equipment costs and inefficiency of heat 
recovery from the carbon stream, the need for large quantities of hot 
water, and the added cost of the carbon washing vessels. 

The present study proposes a more efficient counter-current carbon 
cleaner (4C) where the carbon falls downward against an upcoming flow 
of natural gas to evaporate the salt (by presenting an atmosphere with 
zero salt partial pressure) and cooling the incoming carbon (both via 
sensible heat transfer and endothermic cracking). The biggest uncer
tainty related to the 4C arrangement is whether all the salt will be 
evaporated and carried back into the reactor by the counter-current 
natural gas stream. The risk of incomplete salt evaporation can be 
minimized by applying additional microwave heating to heat the carbon 
in the upper part of the 4C unit to 1200 ◦C where the salt will evaporate. 

As illustrated in Fig. 5 (right), the 4C unit employed in all previous 
cases significantly reduces the CO2 avoidance cost relative to conven
tional carbon washing. This is partly due to lower electricity consump
tion (0.3 %-points better electric efficiency in Fig. 5, left) resulting from 
better integration of the heat contained in the carbon and partly due to 
the avoidance of purified process water required for washing. The 
addition of microwave heating to ensure complete salt evaporation 
brings a negligible cost due to the small size of the microwave unit 
required to increase the carbon temperature by 400 ◦C and efficient 
recovery of the additional heat added to the carbon by the counter- 
current natural gas stream. As an additional benefit, it can also be ex
pected that the 4C system with extra heating will achieve better cleaning 
results than water washing because even salt traces trapped within a 
carbon shell will be removed when the salt is evaporated at very high 
temperatures. Thus, the 4C approach appears to be an attractive 
pathway for carbon cleaning in molten salt pyrolysis. However, impurity 
removal is known to be a key challenge for molten media pyrolysis [37], 
and considerable future work will be required to better understand the 
techno-economic challenges involved in carbon cleaning. 

Fig. 5. The effect of carbon cleaning technology on the performance of the pyrolysis technology. 4C = counter-current carbon cleaner.  
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3.3. Effect of equilibrium approach and operating temperature 

High operating temperatures are problematic for molten salt pyrol
ysis due to salt evaporation and reactor corrosion. Thus, operating at 
800 ◦C instead of 1000 ◦C will substantially reduce the technological 
barriers to commercializing molten salt pyrolysis technologies. For 
example, reactor temperatures of 800 ◦C reduce the vapour pressure of 
molten salt by a factor of 15 relative to operation at 1000 ◦C for the KCl/ 
MnCl2 salt mixture employed here. 

Even so, the improved thermodynamics and kinetics offered by 
higher operating temperatures promise considerable economic benefits 
if the technical challenges can be overcome. Since the methane cracking 
reaction is favoured at higher temperatures, higher conversion can be 
achieved if the temperature is increased. Furthermore, faster kinetics at 
elevated temperatures significantly reduce the required gas residence 
time and thus the reactor size. Thus, a specified hydrogen fraction can be 
achieved with a smaller reactor (lowering capital costs) if the temper
ature can be increased. 

These benefits are illustrated in Fig. 6, where it is clearly illustrated 

that operation at 900 ◦C offers significant reductions in the levelized cost 
and CO2 avoidance cost relative to operation at 800 ◦C. It is also note
worthy that the optimal H2 fraction in the product gas increases from 
20% at 800 ◦C to 40% at 900 ◦C. Below the optimal point, inefficiencies 
related to processing large quantities of unreacted natural gas (larger 
reactor volume to accommodate more gas and increased electricity 
consumption to heat incoming gas to the reactor temperature) increase 
the CO2 avoidance cost. Above the optimal point, a rapid increase in 
reactor size required to achieve near-equilibrium conversion leads to 
high costs. For example, the total reactor volume required triples from 
20% to 30% H2 at 800 ◦C. Elevated temperatures present a more 
favourable equilibrium that can be approached more closely due to 
improved kinetics, increasing the optimal H2 fraction in the PDG 
product. 

Overall, the CO2 avoidance cost when operating at 900 ◦C to produce 
a product gas with 40% H2 is fully 51.0 €/ton lower than operation at 
800 ◦C to produce a product with 20% H2. In addition, the CO2 avoid
ance cost is negative, reflected in the levelized cost of 6.0 €/GJ for the 
produced gas, which is well below the 6.5 €/GJ cost assumed for the 

Fig. 6. The performance of the pyrolysis technology when delivering different H2 fractions (higher fractions imply a closer approach to equilibrium requiring larger 
reactors) at reactor temperatures of 800 and 900 ◦C. 
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incoming natural gas. Profitable production of PDG with higher H2 
fractions opens the possibility for greater levels of decarbonization if 
downstream infrastructure can be improved to safely handle such gas. 
For perspective, the optimal case at 900 ◦C increases CO2 avoidance to 
21.4% relative to 10.7% for the optimal case at 800 ◦C. Alternatively, 
higher H2 fractions can be diluted to lower values by mixing with natural 
gas to stay within safe limits, reducing the CO2 avoidance of the 
resulting PDG but keeping the CO2 avoidance cost unchanged. 

3.4. Effect of improved pre-heating 

Not having to raise process steam gives methane cracking a signifi
cant efficiency advantage over steam methane reforming, but it does 
present a drawback: limited pre-heating is possible before carbon 
deposition in the pre-heating heat exchanger becomes a problem. In the 
present application where only a relatively small fraction of the 
incoming natural gas is converted, this drawback is enhanced because a 
large amount of additional electrical energy is required to heat all the 
unconverted natural gas from the preheating temperature to the reactor 
temperature. About 40% of this additional electrical energy can be 
recovered by raising steam from the hot outlet of the pyrolysis reactor, 
but this brings additional capital costs related to heat exchangers and 
steam turbines. 

It would be much more attractive to recover most of the heat in the 
reactor outlet stream by pre-heating the incoming natural gas to a higher 
temperature. Two additional plant layouts were designed to investigate 
this possibility. The first design assumes that the incoming natural gas is 
preheated to 630 ◦C and that the carbon deposition in the preheater can 
be handled efficiently via cleaning during routine maintenance. Since 
the heat extracted during preheating is now much larger than the con
ventional case where the preheating temperature is kept below 300 ◦C, 
the entire outlet from the reactor at 650 ◦C is fed as the hot stream to the 
preheater (see the “extra preheat” configuration in Fig. 7). After cooling, 
this stream is split with the required fraction fed back to the reactor 
freeboard to quench the reactor outlet and the remainder exported as the 
product gas. The product stream contains some heat, but the tempera
ture is too low for efficient electricity generation so the heat is rejected 
to cooling water before recompression to pipeline pressures. 

The second and most optimistic design also removes the recycle for 
quenching the reactor outlet (the “max preheat” configuration in Fig. 7). 
Thus, the outlet stream at 800 ◦C can be used to preheat the incoming 
natural gas to 780 ◦C, almost eliminating the need to use electricity for 
heating the natural gas. In practice, this case will see even more carbon 
deposition in the heat exchanger in addition to salt deposition on the 
other side. To compensate for the high cleaning demands and salt 
deposition on this heat exchanger, the plant was designed with two 

Fig. 7. Illustration of the process simplification enabled by additional preheating.  
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parallel preheaters constructed using Ni-alloy instead of stainless steel so 
that one can always be in operation while the other is being cleaned. 
Effective heat exchanger design will be essential to enabling this 
favourable scenario, including mechanisms to remove and recover the 
deposited carbon and salt. 

Fig. 8 shows the large positive effect of additional preheating. In the 
case with extra preheating to 630 ◦C, the CO2 avoidance cost drops from 
10.8 to − 44.3 €/ton, due to a 34% drop in electricity demand and 
avoidance of the capital expenditures and O&M costs related to the 
steam power cycle. Despite the additional parallel heat exchanger in the 
case with maximum preheating, this case reduced the CO2 avoidance 
cost further to − 79.7 €/ton by reducing the electricity demand by an 
additional 35% relative to the base case. 

These large economic gains make additional preheating worthy of 
close investigation before process commercialization. Uncatalyzed car
bon deposition at temperatures up to 630 ◦C may be sufficiently slow to 
facilitate a reasonable maintenance schedule (e.g., non-catalytic carbon 
deposition only occurs at practically viable rates above 1200 ◦C [38]), 
further helped by the high operating pressure shifting the equilibrium 
away from carbon formation. Although preheating to 780 ◦C presents a 
greater challenge, the additional electricity savings can absorb sub
stantial heat exchanger duplication and cleaning costs. The simplifica
tion of the process layout (removing the steam cycle and, in the case 
with maximum preheating, the quench recycle) also brings significant 
practical value. 

3.5. Sensitivity analysis 

The sensitivity of the CO2 avoidance cost to six influential parame
ters is shown in Fig. 9. Natural gas price (Fig. 9a) affects the pyrolysis 
technology the most because it has the lowest thermal efficiency as 
almost 10% of the incoming fuel heating value is converted to carbon 
instead of PDG. In contrast, the ER plant derives a small benefit from 
increased natural gas prices because its thermal efficiency exceeds 100% 
as electrical energy is converted to chemical potential energy in the 
electrified reformer (Fig. 4 top-left). The electricity price sensitivity 
(Fig. 9b) is proportional to the adjusted electric efficiencies (Fig. 4 
bottom-left) where the ER and pyrolysis plants present the highest 
sensitivity. Although not shown, it can be mentioned that the salt cheap, 

and a doubling of the assumed cost only causes a 1 €/ton increase in the 
CO2 avoidance cost. 

Naturally, the carbon price (Fig. 9c) has a large impact on the 
profitability of the pyrolysis plant. If the price falls to 250 €/ton, the CO2 
avoidance cost of pyrolysis reaches the same level as the benchmark 
technologies. However, pure carbon prices exceeding 500 €/ton are 
available for high-purity carbon in markets such as anodes, graphite, 
and activated carbon sorbents. As mentioned in the introduction, the 
size of these markets is limited, but the relatively small fraction of 
conversion required to hit the practical limit of 20% H2 in existing 
natural gas networks also limits the carbon production to levels that will 
not rapidly oversaturate these markets. The ATR and ER benchmarks 
export the removed carbon as CO2 instead of pure carbon, making them 
sensitive to the CO2 transport and storage cost (Fig. 9d). If these con
version processes are built close to oil and gas fields, significant revenues 
from enhanced oil/gas recovery can be expected, whereas construction 
in regions without access to good CO2 storage/utilization opportunities 
can lead to large costs in this category. However, since natural gas is not 
highly carbon intensive, the strength of this sensitivity is limited. 

Even though Fig. 4 (bottom-right) shows a very small contribution of 
capital costs, the effects of capital-related uncertainties including the 
discount rate (Fig. 9e) and scale (Fig. 9f) are significant. The levelized 
capital costs may be small but so is the level of decarbonization (small 
denominator in Eq. (10)). The effects of both uncertainties are propor
tional to the capital intensity of the three plants, with the ATR config
uration being the most sensitive, followed by pyrolysis and ER. Even 
though lower discount rates and larger scales slightly reduce the gap 
between ATR and pyrolysis, the difference remains very large at the 
default carbon price of 500 €/ton. 

Although no previous studies have investigated molten salt pyrolysis 
for PDG production, the promising economic prospects of natural gas 
pyrolysis are confirmed by several studies targeting hydrogen. 
Depending on assumptions such as the price received for the carbon by- 
product, prior works agree that pyrolysis can economically outcompete 
alternative H2-production pathways [18,23,25,39,40]. Compared to 
these studies, the promise of the simplified PDG-production plants 
proposed in the present work is that the product is competitive with 
unprocessed natural gas, potentially achieving decarbonization at zero 
or negative costs. 

Fig. 8. Effect of increased pre-heating on the performance of the pyrolysis technology delivering 20% H2 at 800 ◦C reactor temperature.  

S. Cloete et al.                                                                                                                                                                                                                                   



International Journal of Hydrogen Energy 55 (2024) 164–176

175

4. Conclusions 

The present study showed that molten salt pyrolysis holds great 
promise for producing cost-effective partially decarbonized gas (PDG) 
that can be accommodated in existing natural gas networks, removing 
the barrier of insufficient hydrogen infrastructure. The relatively minor 
conversion also limits the pure carbon output from the process, ensuring 
that a large quantity of PDG can be produced before high-value carbon 
markets become oversaturated. 

Techno-economic assessment results show that pyrolysis at 800 ◦C 
and 70 bar easily outperforms conventional autothermal reforming and 

electrified reforming routes for PDG production, achieving ~125 €/ton 
lower CO2 avoidance costs. The CO2 avoidance cost of the base case was 
10.8 €/ton, but there is clear potential for negative CO2 avoidance costs. 
If the reactor can be operated at 900 ◦C, the CO2 avoidance cost reduces 
by 51.0 €/ton and the optimal H2 fraction in the product increases from 
20% to 40%. Similarly, additional preheating of the incoming natural 
gas stream (which will cause some carbon deposition in the preheater) 
reduces the CO2 avoidance cost by 55.1 €/ton. These avenues produce 
PDG that is cheaper than the incoming natural gas, implying that partial 
decarbonization via pyrolysis becomes profitable even without the aid of 
climate policy. 

Fig. 9. Sensitivity of the pyrolysis plant delivering 20% H2 at a reactor temperature of 800 ◦C and the two benchmark technologies to six influential parameters. The 
plant scaling factor sets the scale of the present plants equal to 1 and investigates the effect of building larger plants that benefit from greater economies of scale. 
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The aforementioned results assume a 500 €/ton selling price for the 
pure carbon by-product. This assumption represents the main uncer
tainty in the assessment as every 100 €/ton reduction in carbon selling 
price increases the CO2 avoidance cost by 51.2 €/ton. Based on prior 
carbon market size estimates [25], about 10% of global natural gas 
production can be profitably converted into PDG by exploiting existing 
markets for high-purity carbon. Growing demand for high-purity carbon 
and CO2 emissions pricing can strongly increase the size of this global 
market opportunity. 

Based on these findings, partial decarbonization of natural gas via 
molten salt pyrolysis presents a lucrative opportunity for early movers. 
Accelerated demonstration and scale-up of the moderate-temperature 
pyrolysis reactor required to realize this opportunity is therefore 
recommended. 
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