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ABSTRACT: The application of natural gas instead of solid carbon to produce
ferromanganese is a way forward in sustainable development. Mass and energy balances
for an integrated duplex process to produce ferromanganese and direct reduced iron
(DRI) by natural gas were studied. The process consists of natural gas injection into
molten ferromanganese yielding carbon and hydrogen in which the dissolved carbon
into the molten metal bath reduces MnO from a coexisting molten slag that is produced
from the smelting of manganese ore. Hydrogen and CO gases reduce solid manganese
oxides and iron oxides in the Mn ore to MnO and Fe in the ferromanganese reactor
burden. A hot gas with a significant amount of CO and H2 leaves the reactor and is
upgraded to a rich CO−H2 gas mixture via methane use in a gas reformer. The obtained
highly reducing gas is then used to reduce iron ore in a direct reduction reactor for DRI
production, while the DRI reactor process gas is partly looped into the gas reformer and the rest is used in an energy recovery unit
for electric power generation for the ferromanganese reactor. It is shown that the presented duplex process is more sustainable than
the current commercial ferromanganese production process and its application is accompanied by about 50% less electric energy
consumption and about 40% less CO2 emission, excluding the source of electricity.
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1. INTRODUCTION

The theoretical basis for the main reactions in the
ferromanganese process, and the idea of replacement of solid
carbon with natural gas in a new process are described as follows.
1.1. State of the Art. The commercial production of

ferromanganese is through the carbothermic smelting-reduction
of manganese ores using submerged arc furnace (SAF) and blast
furnace (BF) technologies.1 The SAF technology is the
dominant one nowadays regarding its several advantages
compared to the BF. Metallurgical coke is the main solid carbon
reductant that is used in SAF. The dependence of the process on
the solid carbon use is in principle related to the
thermochemistry of manganese monoxide (MnO) reduction,
which is viable by carbon and not by H2 and CO gases, as
previously described.2,3 In principle, the reduction of higher
manganese oxides (MnO2, Mn2O3, and Mn3O4) to MnO is
possible by H2

4 and CO gases.5 Natural gas, which is rich in
methane (CH4), is a more sustainable alternative reductant for
metal and ferromanganese production in comparison with
metallurgical coke and, therefore, there has been a significant
research interest in using this reductant.2,3,6,7 However, the
application of natural gas at elevated temperatures yields CO
and H2 gas mixtures and the reduction by these gases cannot
proceed beyond MnO, and this has been the basis for many
researchers to use natural gas for the prereduction of the ore as
reviewed previously.3 Regarding the fact that MnO can be

reduced to metallic manganese through a carbothermic
reduction via chemical reaction 1 and the produced CO gas is
enough to reduce higher Mn oxides to MnO via chemical
reactions 2−4, the application of a prereduction unit based on
natural gas use to treat Mn ores is not advantageous from the
reducing agent supply point of view. Obviously, the use of
methane in a separate prereduction unit (directly or indirectly
after reforming it to H2 + CO) and thenMnO reduction by solid
carbon in a smelting step will increase the overall carbon use per
unit mass of Mn produced. Strictly speaking, ideal situation is
the maximum usage of CO that is generated via reaction 1 for
reactions 2−4 without any more use of carbon (C from a
methane source). In addition, the reduction reactions of
manganese oxides by H2 and CO gas mixtures (originating
from methane) in which the less-exothermic reactions 5−7 than
reactions 2−4 simultaneously taking place is not advantageous
than the carbothermic route to benefit the process energy.
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+ = +

Δ ° =°H

MnO C(s) Mn CO(g)

274.3 kJ/mol(25 C) (1)

+ = +

Δ ° = −°H

2MnO CO(g) Mn O CO (g)

203 kJ/mol
2 2 3 2

(25 C) (2)

+ = +

Δ ° = −°H

3Mn O CO(g) 2Mn O CO (g)

174 kJ/mol
2 3 3 4 2

(25 C) (3)

+ = +

Δ ° = −°H

Mn O CO(g) 3MnO CO (g)

56 kJ/mol
3 4 2

(25 C) (4)

+ = +

Δ ° = −°H

2MnO H (g) Mn O H O(g)

163.7 kJ/mol
2 2 2 3 2

(25 C) (5)

+ = +

Δ ° = −°H

3Mn O H (g) 2Mn O H O(g)

135.1 kJ/mol
2 3 2 3 4 2

(25 C) (6)

+ = +

Δ ° = −°H

Mn O H (g) 3MnO H O(g)

16.6 kJ/mol
3 4 2 2

(25 C) (7)

In ferromanganese production in SAF, solid carbon in the
burden is in contact with CO/CO2 gases and, therefore, the
Boudouard reaction 8 occurs and causes both carbon material
loss, electric energy loss, and more CO2 emission per unit mass
of the ferroalloy product than the ideal case of a Boudouard
reaction-free process. As this reaction produces 2 mol CO per 1
mol consumed CO2 and it is eventually oxidized to CO2 through
the SAF off-gas combustion by air, two times more CO2 is
generated than the consumed CO2 by the Boudouard reaction.
The Boudouard reaction in SAF causes more carbon use8 and it
consumes several hundred kW h electric energy per ton alloy
produced, that is, 400 kW h for 475 kg coke use/ton ferroalloy.9

Therefore, developing a technology to carry out the pre-
reduction of the ore to MnO separately, and then the
carbothermic reduction in a smelting furnace is beneficial and
it has been claimed that 8.8, 13.5, and 20.4% electric energy is
saved if the raw materials are preheated and reduced at 550, 650,
and 950 °C, respectively.10 Tangstad et al. calculated 22%
electric energy saving by prereduction to 600 °C and showed
that electric energy consumption depends also on the ore type
and the oxygen level in the ore.11 Obviously, the cost required to
operate a separate prereduction unit may be more than that
required to operate the SAF and it may be a main challenge for
the process development.

+ = Δ ° =°HC CO (g) 2CO(g) 173.8 kJ/mol2 (25 C)

(8)

The carbothermic reduction of MnO in SAF occurs at
elevated temperatures and mainly from a slag saturated of MnO,
in the coke bed zone. The phase relations for the process and
MnO reduction from the slag have been reported in the
literature, and it has been experimentally indicated that the
carbothermic reduction of MnO occurs by both solid carbon
(coke particles) and the dissolved carbon in the high carbon
ferromanganese (HCFeMn) bath.12 It has been shown that the
kinetics of MnO reduction by the dissolved carbon in Fe and
Fe−Mn alloys is fast and Mn is transferred from the slag to the

metal phase with a high rate.13−17 The significant experimental
studies about the MnO reduction from slags by solid carbon
show activation energies in the range of 332−407 kJ/mol, while
the reduction by the dissolved carbon in Fe−Mn melts occurs
through a significantly lower activation energy in the range 90−
197 kJ/mol.18 Hence, the reduction of MnO from the
ferromanganese slag can be done only by the dissolved carbon
in the metal with no solid carbon material use, if proper slag/
metal contact is maintained to attain a proper process rate.

1.2. Direct Use of Methane: the Idea. Regarding the
presented points above, the application of natural gas to produce
ferromanganese is feasible in an approach in which the carbon in
methane is dissolved into the molten ferromanganese and it is
simultaneously consumed for the MnO reduction from the
molten slag. The released CO gas (due to MnO reduction)
together with the H2 from the methane cracking can then do the
prereduction of Mn oxides to MnO. The methane cracking that
yields the required dissolved carbon into the metal phase is via
the following reaction.

= ̅ + Δ ° =°HCH (g) C 2H (g) 82.1 kJ/mol4 2 (25 C)

(9)

The dissociation of methane into C and H2 is thermodynami-
cally possible at temperatures higher than 548 °C, and methane
cracking in a molten metal phase is consequently accompanied
by C transfer (dissolution) into the melt, if there is solubility.
The decomposition of methane has been widely reported in the
literature mostly for hydrogen production using metallic
catalysts and carbonaceous catalysts.19 In some studies, the
methane decomposition via its introduction into molten metal
baths has been investigated after the Steinberg’s studies.20

Methane (and ethane) injection into the low melting point
metal baths of lead and tin by Serban et al. indicated that the
methane conversion is increased upon increasing the molten
metal bath height and decreasing the gas flow rate at 750 °C.21

They also showed that the methane conversion in the molten Sn
is significantly increased with decreasing bubble size and bath
temperature and they showed experimentally up to 70%
methane conversion using their setup at 800 °C. The other
studies about methane pyrolysis via bubbling into molten tin
have shown moderate conversions under different applied
experimental conditions.22,23 Methane bubbling in a molten 27
mol %Ni−73mol % Bi alloy column at 1065 °C by Upham et al.
yielded 95% conversion.24 These experimental studies have
been on the metals that show low solubility of carbon (with the
aim of hydrogen production and solid carbon separation). From
the high-temperature thermodynamics point of view, however, it
is expected to obtain better methane pyrolysis using metals that
show high miscibility with carbon such as molten Fe−C and
Mn−C alloys. A proof-of-concept test by the author, for this
work, was done using a 20mol % Fe−80mol %Mnmixture in an
alumina crucible in which methane was bubbled (melt height
about 40 mm in a 35 mm inner crucible diameter) by 0.5 mm
diameter bubbles with 0.1 normal liter per minute at 1500 °C in
an induction furnace. During the experiment, a black smoke was
observed over the melt, depicting some carbon black (soot)
formation in the system. It was found by both mass balance and
microstructural study (graphite precipitates in the alloy) that
about 70% of the introduced carbon was dissolved into the
molten ferromanganese alloy, and the rest was found as soot on
the furnace walls. It is most likely possible that the methane
conversion occurs completely; however, carbon is partly moved
out from the melt due to a short residence time, or in other word
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a small size of the reactor. In short, methane decomposition
through injection into molten ferromanganese is viable.
This work presents an overview about an integrated process in

which natural gas is used as a reducing agent to produce
HCFeMn, and, in addition, a direct reduced iron (DRI) reactor.
This technology does not exist entirely today, however, it can be
developed in future regarding highly global interest in the
development of low-carbon footprint processes and the fact that
manganese ferroalloys are utilized in the steel industry. In this
process, the carbon in methane supplies the required reducing
agents for the ferromanganese reactor. Moreover, the
ferromanganese reactor process gas contains high amounts of
CO and H2 gases and is further used to make a hot reducing gas
for a DRI reactor. It is shown by mass and energy balances that
this process, which is hereafter called “Duplex FeMn-DRI
process”, provides a sustainable integrated approach with
significantly lower CO2 emission and energy consumption
than the stand-alone current technologies for ferromanganese
and DRI production.

2. PROCESS OVERVIEW AND MATERIAL FLOW

Figure 1 shows schematically thematerial flow for themain parts
of the duplex FeMn-DRI process in which two reactors for
FeMn and DRI production are in continuous operation.
Considering the current industrial situation in which the use
of Mn ore in SAF is common and the use of iron ore pellet is
more common for DRI production, these forms of the main raw
materials for the two reactors are considered. In the DRI reactor,
no other chargematerial is used; however, in the FeMn reactor, a
flux is used to benefit the ore smelting and control the produced
slag chemistry. Compared with the existing SAF furnaces, the
FeMn reactor in the Duplex process has no solid carbonmaterial
in the charge, while methane is injected to the moltenmetal bath
down in the reactor. The produced molten HCFeMn in the
FeMn reactor and the corresponding slag are partially tapped in
proper time intervals like the SAF process, or the well-known
processes in the ferrous industry. However, some metals and

slags are held in the reactor to maintain proper operation. The
produced sponge iron in the DRI reactor is discharged
continuously, and the production of both cold and hot DRI is
possible, depending on the reactor design and the downstream
steelmaking process. DRI production technologies are well
known and aDRI reactor with a reformer unit as shown in Figure
1 is considered for the Duplex process.
An important issue to consider about the proposed process is

the quality of the produced ferromanganese regarding the
carbon content, as this type of ferroalloy is classified based on the
carbon content as HCFeMn, medium-, and low-carbon
ferromanganese products. In order to clarify this, the rate of
methane decomposition and the simultaneous dissolved carbon
consumption were compared. For the performed experiment for
methane decomposition through its purging into the Fe−80mol
% Mn melt, an apparent rate constant of 1.2 × 10−5 m/s was
estimated. This is much larger than the rate constant for MnO
reduction by solid carbon that was typically calculated to be 1.8
× 10−7 m/s based on the previously obtain experimental data,25

for an average 40%MnO concentration and a typical slag density
of about 3 g/cm3. The rate constants for MnO reduction by the
dissolved carbon are a couple of times larger, depends on slag
and metal chemistry,26 and it is in the range 3 × 10−7 to 1.5 ×
10−6 m/s. These may indicate that the rate of carbon dissolution
into the melt (from methane) is significantly higher than its
consumption for MnO reduction, yielding a molten metal with
carbon close to saturation andHCFeMn production. In practice,
however, the production of low-carbon ferromanganese may be
possible via adjusting the rate of methane introduction, which is
advantageous with regard to no further refining for the metal
decarburization.
Natural gas (methane) is used directly in the FeMn reactor

and indirectly in the DRI reactor after being reformed to a hot
reducing gas. It is preheated and then injected into the FeMn
reactor and consequently the FeMn process gas, which is mainly
consisted of H2, CO, CO2, and H2O components with a high
chemical value (H2 and CO), is treated in the gas reformer. It is
worth mentioning that there will be negligible unreacted

Figure 1. Schematic of the material flow for the main parts of the duplex FeMn-DRI process.
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methane in the process gas as methane conversion is almost
completed in the molten metal bath due to the very high rate of
methane decomposition. The methane decomposition at
elevated temperatures occurs rapidly and it is approximated
with a typical rate constant of about 828 s−1 at 1500 °C for
homogeneous decomposition to other gaseous species such as
C2H6, C2H4, C2H2,

27 and the decomposition to carbon black
occurs rapidly within short times such as 0.002 s. For instance,
the conversion of C2H2 to carbon black was calculated with a
rate of 5× 1010 s−1 at 1500 °Cbased on the provided kinetic data
in the literature.28 The exposure of methane with molten
ferromanganese may also enhance the rate of methane
conversion via the catalytic effect of the Mn and Fe elements.
For the duplex process, even if there is a small amount of
unreacted methane in the ferromanganese reactor process gas, it
is not a problem as more methane is added into it to feed the gas
reformer. The produced hot reducing gas by the reformer is
utilized in the DRI reactor as the reducing and heating agent.
The DRI reactor gas outlet has considerable amounts of H2 and
CO and it is partly used as the fuel in the gas reformer burners.
Moreover, to make a more energy-efficient process, the rest of
this gas is used for electric power generation. In addition, the hot
off-gas of the reformer is utilized to preheat the natural gas used
in the process units.
From the technical point of view, the gas injection into molten

metals has been applied widely in both ferrous and nonferrous
metallurgical industries and it is feasible. On the other hand,
significant H2 and CO gases are generated in the molten metal
bath and at the metal−slag interface and these may be
advantageous for the process. They make a lot of turbulence
in the system that provides a better contact of the metal and slag
and enhances the rate of the reactions, like MnO reduction by
the dissolved carbon in metal, and this may improve the process
rate. Moreover, the turbulence provides better heat transfer in
the system and between the metal and slag phases, providing
more homogeneous phases and a smooth operation. In addition,
foamy slag formation may improve the process with less energy
consumption (in the case of graphite electrode use) and less
refractory wear.

3. RESULTS AND DISCUSSION: DUPLEX PROCESS
THERMOCHEMISTRY, MASS, AND ENERGY
BALANCES

The study of thermochemistry of the duplex FeMn/DRI process
and the corresponding material and energy balance calculations
were carried out as follows. To do proper mass and energy
balances, fundamental data about manganese and iron ores
reduction were used. Equilibrium calculations were carried out,
when needed. The applied procedures of calculations are
described in detail so that readers from various engineering
disciplines with different backgrounds can follow the work and
understand the thermochemistry of the duplex process. The
Heat and Material balance module in HSC Chemistry software
version 9 was used to carry out the main calculations. For each
process step, the input data for the calculations were the amount
and temperature of the components in the feed to the process
step, and the amount of the products and their temperatures at

the outlet. The software does mass and energy balance for the
process, or defined process steps.

3.1. FeMn Reactor. To do mass and energy balances for the
FeMn reactor, a typical commercial manganese ore was
considered with the chemical characteristics given in Table 1,
which is a high grade Mn ore (Comilog MMA).1 The applied
methodology here, however, can be in principle applied for using
any type of charge materials and mixtures. The other material
that must be considered was quick lime flux, and this material
has usually above 97%CaO (mostly CaOwith a small amount of
CaCO3) and the type of its impurities may vary but it does not
significantly affect the following calculations, the flux for FeMn
reactor was considered to be 100% CaO for simplicity.
For the calculations, the production of slag and metal

products with known compositions and tapping temperatures
was considered. Moreover, typical temperature for the process
gas was selected, while the considered temperatures for inside of
the reactor parts were outlined based on the process
thermochemistry.

3.1.1. Mass Balance for the FeMn Reactor. Based on the
production of HCFEMn and slag with known compositions, the
reactor charge and required methane were determined. The
energy balance was then done regarding the chemical and
thermal characteristics of the reactor input and output, and the
chemical reactions in the reactor at different defined parts.

3.1.1.1. Charge Materials and the Products. To make a
proper mass balance for the FeMn reactor, the chemical
composition of HCFeMn was assumed as 82% Mn−11.5% Fe−
7.5% C, which is a standard chemical composition for this
product.29 In addition, the chemical composition of the
produced slag from the above Mn ore was fixed by considering
a fixed ternary basicity of (CaO + MgO)/SiO2 as unity and
producing a slag containing 20% MnO, which is a fair
approximation with high Mn recovery. It is worth noting that
FeMn slag may contain much higher MnO, that is, 30−40%
MnO, if it is further utilized in a silicomanganese process as the
Mn source. Assuming the complete reduction of iron oxides and
partial reduction of the manganese oxides (some is left as MnO
in the slag), the mass of produced slag can be calculated using
mass balance as

=
∑ × +

−
×

[ ]

≠( )
m

C m

C100
100

kg

m

slag
i MnO,Fe O ,... i

Mn ore
100 flux

MnO
slag

2 3

Mn ore

(10)

wheremj is the mass of material j such as manganese ore andCi
j is

the concentration of component i in material j in weight percent.
For instance, CaO in Mn ore is CCaO

Mn ore, and CMnO
slag is the

concentration of MnO in the produced slag. The required mass
of lime flux can be determined based on the target ternary
basicity (equal to unity) using the following expression

= − − × [ ]m C C C
m

( )
100

kgflux(CaO) SiO
Mn ore

CaO
Mn ore

MgO
Mn ore Mn ore

2

(11)

Table 1. Chemical Composition of Comilog MMA Ore on a Dry Basis (wt %) Selected for This Work

MnO2 MnO Fe2O3 SiO2 Al2O3 MgO CaO BaO K2O P CO2 XH2O
a

76.3 3.2 3.9 4.0 5.5 0.3 0.2 0.2 0.7 0.1 0.1 5.4
aStructural water.
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This equation is obtained assuming that the more stable
oxides than MnO are not reduced in the FeMn reactor and all
end up in the slag phase, while Fe is completely transferred to the
metal (complete reduction) andMn oxides are reduced toMnO
with a further partial reduction to metallic Mn. Considering the
selected ore, this mass balance shows that 181 kg slag is
produced per ton (metric tons) Mn ore, and the slag has
correspondingly a chemical composition of 20.6% CaO−22.2%
SiO2−30.5% Al2O3−20% MnO−1.7% MgO−3.8% K2O−1.1%
BaO−0.1% P (inmass percentage). As the amount of slag and its
chemical composition are known for specific mass of the ore
consumed, the amount of the produced metallic Mn can be
calculated by mass balance for the Mn element. The quantity of
the produced metal can be determined regarding the ore and
product characteristics

= × − ×

× × [ ]

Ä

Ç

ÅÅÅÅÅÅÅÅÅÅ É

Ö

ÑÑÑÑÑÑÑÑÑÑ

m C m C m

M
M C

( )

100
kg

HCFeMn Mn
Mn ore

Mn ore MnO
slag

slag

Mn

MnO Mn
FeMn

(12)

whereMi denotes the molecular mass of component i. Equation
12 yielded about 592 kg HCFeMn per ton of the Mn ore
consumed.
To produce the standard HCFeMn with 82% Mn−11.5%

Fe−7.5% C composition, the addition of Fe and C is needed.
Iron can be added through hematite ore use from the economic
point of view, and considering a high-grade hematite ore (100%
Fe2O3 here for simplicity) and its complete reduction in the
FeMn reactor, the required amount of hematite can be
calculated as

= × − ×

× − × [ ]

Ä

Ç

ÅÅÅÅÅÅÅÅÅÅ
i
k
jjjjj

y
{
zzzzz

É

Ö

ÑÑÑÑÑÑÑÑÑÑ

m
M

M
C

m
C

M
M

C
C

C
m

100

100
kg

hematite
Fe O

Fe
Mn
Mn ore ore

MnO
slag Mn

MnO

Fe
FeMn

Mn
FeMn

Fe O
Mn ore

Mn ore

2 3

2 3

(13)

This equation showed that the addition of 58 kg hematite is
required to produce a HCFeMn containing 11.5% Fe, when 1
ton of the above Mn ore is used.
3.1.1.2. RequiredMethane.The carbon for the FeMn reactor

is supplied by the methane cracking and it goes into the
HCFeMn product (7.5 wt % C) and the rest is consumed for
MnO reduction from the slag phase, at the slag−metal interface.
As discussed above, the rate of methane cracking is much higher
than C consumption for MnO reduction and so the MnO
reduction may control the process rate and consequently the
rate of methane introduction. It is emphasized here that MnO
reduction is taking place only by the dissolved carbon in the
liquid metal. Hence, considering the chemical reaction 1, the
total required carbon can be determined as

= × × −

+ × [ ]

Ä

Ç

ÅÅÅÅÅÅÅÅÅÅ
i
k
jjjjj

y
{
zzzzz

É

Ö

ÑÑÑÑÑÑÑÑÑÑ
m

M
M

C
m M

M
m

C m

100

kg

carbon
C

MnO
Mn
Mn ore Mn ore MnO

Mn
MnO
slag

c
FeMn

FeMn (14)

The first term on the right of eq 14 is the carbon use for MnO
reduction, and the second term is the remained carbon in
saturation in HCFeMn. Obviously, the required corresponding
mass of methane is

= × [ ]m
M

M
m kgmethane

CH

C
carbon

4

(15)

This mass balance provided the need of the consumption of
about 207 kg of methane per ton of ore. Around 28.6% of the
carbon from the methane cracking goes to the metal product,
and the remaining 71.4% contributes in the reduction of MnO
from the slag.

3.1.1.3. |Burden Zone Reactions and the Process Gas.
Considering themasses of the carbon that react withMnO in the
slag and hydrogen formed from methane cracking, the number
of moles of CO andH2 gas that leave themolten slag−metal bath
can be determined as
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For the considered ore here, a gas composition of 73.7% H2
and 26.3% CO, which is for about 35 kmol gas mixture per ton
ore, was calculated. This highly reducing hot gas mixture will
then interact with the solid charge in the burden and the
chemical reactions 2−7 will take place, and in addition the
following reactions occur for Fe2O3 reduction

+ = +

Δ ° = −°H

3Fe O CO(g) 2Fe O CO (g)

35.4 kJ/mol
2 3 3 4 2

(25 C) (18)

+ = +

Δ ° =°H

Fe O CO(g) 3FeO CO (g)

16.15 kJ/mol
3 4 2

(25 C) (19)

+ = +

Δ ° = −°H

FeO CO(g) Fe CO (g)

10.84 kJ/mol
2

(25 C) (20)

+ = +

Δ ° =°H

3Fe O H (g) 2Fe O H O(g)

5.77 kJ/mol
2 3 2 3 4 2

(25 C) (21)

+ = +

Δ ° =°H

Fe O H (g) 3FeO H O(g)

57.3 kJ/mol
3 4 2 2

(25 C) (22)

+ = +

Δ ° =°H

FeO H (g) Fe H O(g)

30.3 kJ/mol
2 2

(25 C) (23)

The prereduced charge that contains MnO and metallic iron
is further smelted in the hot zone of the reactor. It must be
emphasized here that the high amount of the produced H2−CO
gas mixture is enough and much more than the required gas to
reduce all the Mn and Fe oxides in the charge to MnO and Fe
species. As the H2 content of the gas phase in the high-
temperature region is much higher than the CO content, the
direct reduction reactions are mainly via hydrogen gas. In
particular, the reduction by H2 is preferable at elevated
temperatures than by the CO gas, as the CO gas is very stable
compared to the CO2 gas (the product of the CO gas consumed
for reduction) at high temperatures such as 1000 °C. Regarding
a temperature profile in the reactor burden, the gas components
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react with each other in addition to reacting with the solid charge
particles, and thus the composition of the FeMn reactor gas
outlet can be assumed close to equilibrium, which can be
estimated considering the water gas shift reaction

+ = +

Δ ° = −°H

CO(g) H O(g) CO (g) H (g)

41.1 kJ
2 2 2

(25 C) (24)

The water gas shift reaction is an exothermic reaction that is
more favorable at lower temperatures. Considering the amount
of CO, CO2, H2, and H2O gases after the reduction of the ore
and including the structural H2O and CO2 in the Mn ore, the
equilibrium composition of the gas phase at different temper-
atures was calculated as shown in Figure 2. For instance, if the
FeMn reactor process gas temperature is 400 °C, the
composition of the gas is approximately 57.4% H2, 5.6% CO,
18.3% H2O, and 18.7% CO2 and totally about 38.1 kmol gas is
produced per one ton ore.
Regarding the above results, the overall FeMn reactor mass

balance is shown in Figure 3 for one ton of the HCFeMn

product. As seen, the mass of the tapped metal is about half of
that of the solid charge and is three times higher than that of the
slag. The reactor has a significant amount of process gas (with
about 64% reducing components of H2 and CO) and it is around
three times higher than the injected methane. This gas volume
increase is due to the formation of 1 mol carbon and 2 mol
hydrogen through the chemical reaction 9 and further
conversion of most of this carbon to the CO gas. A portion of
H2 and CO gases are converted to H2O and CO2 components
with the same number of moles due to the reduction chemical
reactions presented above. The small higher volume of the
process gas (67.8 kmol) than the stoichiometric volume that was
obtained for the reduction reactions (67.3 kmol/t ore) is due to
the dissociation of hydrates and calcite components of the solid
charge.

3.1.2. Energy Balance for the FeMn Reactor. To study the
required energy for the operation of the FeMn reactor, its energy
balance was done by calculating the enthalpy changes regarding
the main chemical reactions and the above mass balance results.
It was assumed that the solid materials are charged at room
temperature, the process gas has 400 °C, the metal is tapped at
1500 °C, and a preheated methane to 500 °C is injected to the
reactor (Figure 3). As the chemical reactions in the reactor are
important, the energy balance was done by dividing the reactor
into two zones; a burden zone that contains the solid charge
materials and gases and a melting zone that contains both the
molten slag and metal phases and gases.

3.1.2.1. Burden Zone. The interaction of the solid charge
materials with the hot H2 and CO gas mixture, i.e., generated in
the melting zone was modeled via outlining the process
chemistry, calculating the corresponding enthalpy changes,
and equilibrium calculations.

Heating and Reduction of Mn and Fe Oxides.Asmentioned
above, all Mn oxides in the ore are reduced to MnO in the
burden in contact with the hot reducing gas, and they are
simultaneously heated to high temperatures, that is, to 1200 °C.
Like the SAF process, MnO is in the solid form in the burden as
the MnO content is high and any slag-type phase is almost
saturated ofMnO.30,31 It is worth mentioning that depending on
the type of the ores, different phases may be formed in the ore in

Figure 2. Equilibrium composition of the FeMn reactor process gas at different temperatures calculated by HSC Chemistry.

Figure 3. Overall mass balance for the FeMn reactor and the
characteristics of its inputs and outputs.
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the burden zone and some of them get partially or completely
melted as studied by Sorensen et al.32 Their equilibrium
calculations by FactSage showed that liquid slag phases are
formed inGroote Eylandt ore fine particles calcined and reduced
byH2 at 800−1200 °C, but not forWessels ore treated under the
same conditions. Their similar calculations indicated liquid slag
formation possibility in Gabonese ore particles calcined and
reduced by CO at 800−1200 °C, but not for CVRD ore (a well-
known Mn ore) treated under the same conditions. Their X-ray
diffraction quantitative analysis of the reduced Gabonese ore,
however, indicated that it has different phases compared to those
identified using FactSage calculations, and the main phases
(manganosite and tephorite) were the same as those of the
CVRD-reduced sample. The difference between their obtained
experimental results compared to their equilibrium calculations
may be due to kinetic issues (solid-state diffusion requirements).
Hence, the smelting of the lump ore components and flux
particles may not significantly occur up to 1200 °C as the
dominant phases such as MnO, Ca2SiO4, Mn2SiO4, and metallic
Fe have higher melting temperatures than minor coexisting
molten or semimolten phases in the slag. Therefore, a typical
highest temperature for the burden as 1200 °C is fairly
acceptable; however, in practice it can be adjusted to lower
temperatures regarding the type of the ore, and considering this
temperature for the calculations here does not affect the overall
heat balance calculations. Cheraghi et al.33 indicated that the
reduction of the size of the ore will increase the formation of slag
type phases during calcination and reduction via providing a
significantly higher contact area between the ore components.
Hence, if the agglomerates of manganese ore fines/concentrates
are used as the reactor feed, more slag type phases may be

formed compared with lump ore, and it may cause the particle
fusion and clustering (not smelting). Currently, there are
technical solutions tominimize the clustering such as coating the
agglomerates by lime, cement, and so forth or using declustering
units such as the common one in the Miderx reactors.
Simultaneous to Mn oxide reduction, Fe2O3 in the charge is
reduced tometallic iron. The reduction of these oxides occurs by
bothH2 andCO gases, however, as the water gas shift reaction in
the system was considered, it does not matter that which
reductant is interacting with the oxides. Hence, considering the
conversion of 1 mol H2 to H2O in 1 mol of MnO2 to MnO, the
H2 consumption and the corresponding H2O production were
calculated. Moreover, it was assumed that Fe2O3 reduction to Fe
occurs by H2 gas, 3 mol of H2 gas is consumed per 2 mol Fe2O3,
giving 4mol Fe and 3molH2O gas. These assumptions provided
information to do heat balance calculations for the heating and
chemical reactions in the burden zone, excluding the water gas
shift reaction. It is worth mentioning that some amount of H2O
gas from the charge moisture, and CO2 gas from the calcite is
added into the gas phase. Consequently, the heat balance
calculations yielded a heat balance of about426 kWh/t
HCFeMn for this main part of the burden zone as shown in
Figure 4, where the solid charge is converted to hot particles/
agglomerates (part (a)). This negative number is related to both
the high enthalpy of the hot reducing gas and the significant
exothermic reactions in the burden due to the main chemical
reactions 2−7. Obviously, some heat is used for the reduction of
Fe2O3 (about 15 kW h/kg FeMn), calcination of calcite, and
heating of the solid charge from room temperature to 1200 °C.

Water Gas Shift Reaction. The enthalpy change due to the
water gas shift reaction was calculated assuming it occurs at 400

Figure 4. Energy balance model for the different zones of the FeMn reactor, based on the main reactions, phase changes, and defined temperatures.
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°C and the FeMn reactor gas is leaving the reactor at the same
temperature. As the reaction is exothermic, it releases heat and
there is around −134.9 kW h heat is generated due to this
reaction.
Considering the a and b parts above, there is a net heat

generation in the burden zone of about −561 kW h/t HCFeMn
due to the exothermic reactions and the hot gas that is
introduced to this zone. In the model here, the highest
temperature for the gas and solid charge was considered as
1200 °C, and the amount of heat generated may be different if
another temperature is considered. In order to evaluate this
effect, the heat balance calculations were run for different
temperatures and it was found that the net heat generation is
−521,−542,−581, and−602 kW h/t HCFeMn for the selected
highest zone temperatures of 1000, 1100, 1300, and 1400 °C,
respectively. It is worth mentioning that the calculations for
1300 and 1400 °C are only for comparison and they are
inappropriate for the burden zone, according to the above
discussions. Obviously, the selection of the highest temperature
for the defined burden zone (between 1000 and 1200 °C) has a
small effect on the total enthalpy change. A part of the generated
heat in the burden zone is partially transported into the melting
zone by the hot materials and heat transport mechanisms, and
some is lost from the reactor body as any other high temperature
reactor, or it may cause higher temperature for the process gas.
3.1.2.2. Melting Zone.The hot solid calcined and prereduced

charge is smelted, and the molten slag and metal phases are
produced in the melting zone via the heat supply by electricity.
In the model, it was assumed that all the hot materials are more
heated by the hot gas to 1500 °C and then smelting reactions
occur at 1500 °C. This step is then followed by a carbothermic
reduction and simultaneous methane cracking steps as
illustrated in Figure 4. Energy balances for these process parts
were done as follows.
Slag Formation Reactions. In the slag formation step, the

prereduced charge is heated from 1200 °C to about 1500 °C by
the hot gas stream, while the gas is cooled down to 1200 °C
before entering the burden zone. Considering the mass balances
and compositions of the phases, the enthalpy change was
calculated about113 kW h/t HCFeMn for only heating the
charge. However, in this zone, slag-forming reactions occur and
the related enthalpy changes must be estimated. To approximate
these enthalpy changes, the formation of the slag that is
consisted of all oxides except MnO can be considered and then
the enthalpy changes due to the melting and dissolution ofMnO
into the slag be added. In this case, the energy required for the
formation of a CaO−Al2O3−SiO2 slag, containing 28.1 wt %
CaO, 41.6 wt % Al2O3, and 30.3 wt % SiO2 (considering the
mass and composition of the slag described in Section 3.1) per
ton metal product, was determined to be about −25 kW h. This
value was calculated assuming that the slag is initially formed
through the formation of CaO·SiO2 and CaO·Al2O3·SiO2
molten components and their further mixing with a negligible
enthalpy change due to mixing. Moreover, it was a fair
approximation to consider negligible enthalpy changes due to
the dissolution of the minor components of the charge (MgO,
BaO, and K2O) into this slag.
According to the literature, MnO in the charge of SAF is

dissolved from a solid form into a slag saturated of MnO and
further MnO reduction from the slag occurs, depending on the
process conditions.30 To calculate the heat required for MnO
smelting at the process temperature (1500 °C), the sum of the
enthalpy changes for heating the solid MnO from 1500 to 1882

°C (MnOmelting point), the enthalpy changes due to the fusion
ofMnO at 1882 °C, and the enthalpy changes due to cooling the
liquid MnO from 1882 to 1500 °C were calculated. This
provided an enthalpy change of 191.5 kW h/t FeMn product.
This MnO is then dissolved in a slag containing 20 wt % MnO
(assumed above). The activity ofMnO in this slag was calculated
based on the slag chemistry according to the literature34
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where XMnO and XMnOsat
are the molar fractions of MnO in the

slag and that at saturation, respectively. The latter parameter for
the process slag (20% MnO−22.2% SiO2−30.5% Al2O3−20.5%
CaO−1.7% MgO) was estimated to be XMnOsat

= 0.49 using
FactSage thermodynamic software, which corresponds to 35 wt
% MnO. Hence, the activity of MnO in the slag was obtained to
be aMnO = 0.21 (standard state is liquid pure MnO), and
correspondingly an activity coefficient of γMnO = 0.77 was
obtained. Assuming a regular solution model here, the changes
in the partial molar enthalpy of mixing of MnO in solutions were
calculated and this yielded an enthalpy change of about−18 kW
h/t HCFeMn. Consequently, the total energy consumption for
themelting and dissolution ofMnO into the slag was obtained to
be around 174 kW h/t HCFeMn. Hence, the total heat
consumption for the slag-making reactions and continuous
dissolution of MnO into the slag was estimated to be about 36
kW h/t HCFeMn as given in Figure 4.

Carbothermic MnO Reduction and HCFeMn Formation.
The required energy for the carbothermic reduction of MnO by
the dissolved carbon in molten ferromanganese can be
calculated regarding the enthalpy change of the chemical
reaction 1 and considering the reduced mass of MnO in the
process that was determined by mass balance above for liquid
Mn formation. These calculations yielded 0.08 kW h/mol MnO
at 1500 °C, and the consumption of about 1247 kW h/t
HCFeMn product.
The energy required for the formation of the molten alloy is

not significant and it was estimated considering the latent heat of
fusion of produced metallic iron (in the burden zone) and then
the enthalpy change due to mixing with the molten Mn. The
energy required for the melting of iron was calculated to be
about 8 kW h/t HCFeMn. The change of the enthalpy of mixing
of Fe and Mn was estimated to be about −2.5 kW h/t HCFeMn
considering the small enthalpy ofmixing for the Fe−Mn alloys.35

Neglecting the enthalpy changes due to carbon dissolution, the
overall heat change in the formation of liquid alloy is hence
about 5 kW h/t HCFeMn.
Considering the above results, the energy balance for the

model unit (d) for both the carbothermic reduction ofMnO and
alloy formation was estimated to be 1252 kW h/t HCFeMn.
Compared to the former model units (a) to (c), it is obvious that
the carbothermic reduction of MnO is the most energy-
consuming reaction and although this energy in the reactor is
partially compensated from the available thermal and chemical
energy in the reactor, the required heat must be mostly supplied
by electric power as schematically shown in Figure 1. It must be
noted here that such an amount of heat is currently supplied by
graphite electrodes in commercial SAF and is technologically
feasible.

Heating and Cracking of Methane. The cracking of
methane, reaction 9, to dissolved C and H2 gases is an
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endothermic reaction. The required energy to heat (from 500
°C) and crack methane can be calculated considering the
consumedmethane volume and its conversion to C andH2 gases
at 1500 °C. The calculation gave an energy consumption of 1098
kW h/t HCFeMn as shown for the unit module (e) in Figure 4,
assuming no heat loss from the reactor body. It is worth
mentioning that as the temperature for the reaction 9 is high
(1500 °C) and there is a huge amount of Mn and Fe in contact
with methane, methane is rapidly cracked to C and H2
components with no kinetic barrier, and it was assumed that

the methane conversion is complete, according to the above
discussions. Compared to the other reaction unit models, it is
seen that significant energy is required for methane cracking as it
is endothermic.

3.1.3. Overall Mass and Energy Balance of the FeMn
Reactor. The input and output masses for the whole FeMn
reactor (Figure 4) show that the amount of slag that is produced
per unit mass of metal product is relatively lower than the
industrial situation for SAF. This is due to the considered low
MnO concentration in the slag product (about 20%) compared

Figure 5. (a) Effect of methane addition on the composition of the reformed gas and (b) effect of reforming temperature on the composition of the
reformed gas, considering 95% methane conversion.
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to the processes in which the slag is further used for
silicomanganese production.1,36 It is worth mentioning that
there are currently SAF units in operation with about 20%MnO
in the tapped slag.9 On the other hand, in the SAF process, the
ash components of the solid carbon materials end up in the slag.
Moreover, in this study, a highMn ore grade is considered and in
many industrial situations, lower Mn ore grades are utilized,
yielding higher amounts of slag.
The required electric energy for the FeMn reactor was

calculated as the sum of the above energy balances for unit
models (a) to (e), which is about 1824 kW h/t HCFeMn. This
energy can be supplied by graphite electrodes or induction to the
hot metal bath, or a combination of both as schematically shown
in Figure 1. Depending on the size and geometry of the reactor,
the use of electrodes and induction may vary, and it is more
related to furnace design.
3.2. Gas Reformer Unit. The FeMn reactor hot process gas

has a significant amount of H2 and CO gases (more than 60%)
and themost sustainable approach is its utilization rather than its
burning with air. As the proposed duplex process here intends to
use it for DRI production, we consider its treatment in a gas
reformer to attain a reducing gas for the DRI reactor. Hence,
mass and energy balance calculations for the gas reformer are
carried out as follows.
For a DRI unit, a proper gas composition can be a gas

containing around 90% of the H2 + CO gas mixture or a higher
reducing potential. For instance, a typical feed-reducing gas for a
Midrex reactor is 55% H2, 35% CO, 6% H2O, 2% CO2, and 1%
N2, if we consider the Midrex NG process.37 The FeMn reactor
process gas contains some CO2 and H2O and these gases can be
converted to CO and H2 gases upon exposure to CH4 in the gas
reformer (Figure 1). Although many reactions occur in the
reformer tubes, the following main reactions can illustrate the
gas reforming at elevated temperatures

+ = +

Δ ° =°H

CH (g) H O(g) CO(g) 3H (g)

225.9 kJ/mol
4 2 2

1000 C (26)

+ = +

Δ ° =°H

CH (g) CO (g) 2CO(g) 2H (g)

258.1 kJ/mol
4 2 2

1000 C (27)

To calculate the required CH4 to produce a reducing gas at a
typical temperature of 1000 °C, a couple of equilibrium
calculations were carried out by HSC Chemistry and the results
are shown in Figure 5. As seen, the introduction of about 18 vol
% of CH4 (15 kmol CH4) into the FeMn reactor hot process gas
yields a gas mixture with an approximate composition of 64.1%
H2, 25.9%CO, 7.2%H2O, 1.7% CO2, and 1.0% CH4 at 1000 °C,
assuming 95% conversion of methane. This conversion is a fair
approximation as in reality the complete conversion of methane
does not occur (equilibrium concentration is calculated to be
0.01% CH4) due to a relatively short residence time of the gas in
the reformer tubes. Figure 5a reveals that more than 18% CH4
addition into the FeMn reactor process gas yields a hot reducing
gas with more than 90%H2 and CO gases, and hence it is proper
to fix this amount of methane usage. On the other hand, the
equilibrium calculations at different temperatures for this
methane addition (Figure 5b) show that the reformer process
gas composition is not significantly changed at temperatures
above 800 °C, indicating that the assumed process temperature
for the reformer is appropriate.

The energy balance for the gas reforming, which occurs in the
reformer tubes, is shown in Figure 6. As seen, if preheated

methane to 500 °C is used, about 1608 kW h/t HCFeMn heat is
needed for both the heating of the gases to the reaction
temperature and supplying the heat for the endothermic
reactions 26 and 27. This required heat is completely supplied
by burning a portion of the DRI reactor process gas by air, which
is described later in Section 4.
In practice, the temperature of the FeMn reactor process gas is

decreased in the scrubber (Figure 1), and its magnitude is
dependent on the gas composition and the characteristics of the
gas-cleaning unit. The enthalpy of the ferromanganese process
gas (about 68 kmol) was calculated to be about−789,−791, and
−795 kW h at 400, 375, and 350 °C, respectively. Hence, some
thermal energy loss of the gas in the cleaning step does not affect
the enthalpy of the gas as it is more in the form of chemical
energies in the gaseous species. Therefore, assuming a typical
temperature in the range of 350−400 °C (Figure 6) does not
affect the above energy balance calculations for the reformer
unit.

3.3. DRI Reactor. Any type of direct reduction furnaces to
produce DRI can be installed adjacent to the FeMn reactor to
utilize the hot reducing gas produced by the gas reformer. As an
example, we consider a shaft furnace in this study as
schematically shown in Figure 1. There are currently different
technologies for the shaft furnaces such as Midrex, HYL, and so
forth.38 In the shaft furnace, the reducing gas is fed into the
reactor and is in contact with the solid charge when it is moving
upwards, while the iron ore particles/pellets in the burden are
moving downwards continuously. This causes proper mass and
heat exchange between the reactor burden and the process gas
and, therefore, the iron oxides in the charge are reduced. The
produced DRI can be cooled down in the lower part of the
reactor like the traditional Midrex reactors, or it can be
discharged as hot DRI or it can be briquetted to produce hot
briquetted-DRI. In this study, the down part of the reactor is not
included as it is more technology dependent and is of less
importance regarding the process mass and energy balance.

3.3.1. Mass Balance for the DRI Reactor. In principle, the
solid−gas reactions such as iron ore reduction are kinetic
dependent in which different iron oxides and metallic iron
phases coexist in the solid particles, according to the unreacted
shrinking core model.39 Therefore, the process simulation relies
on the numerical solution of kinetic equations, which are

Figure 6. Overall mass balance and the characteristics of the input and
output for the reformer tubes, considering 18%methane addition to the
FeMn reactor process gas and 95% conversion of methane.
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connected also to the thermodynamic equilibrium for the
chemical reactions 18−23, and the water gas shift reaction 24.
The simulations of industrial DRI reactors carried out using
different approaches have been reported in the literature and it is
possible to simulate the whole reactor.40−44 As the simulation of
the reactor is not the aim of this work, fair approximations were
done to fix the characteristics of the outlet top process gas close
to the industrial reactors. Figure 7 compares the relationship
between the molar ratio of +

+
H CO

H O CO
2

2 2
in the feed gas and the top

gas of industrial DRI reactors (Midrex modules) found in the
literature. This figure shows that this ratio in the feed gas is
between 8.5 and 12.3 for different reactors, and the feed gas
characteristic in the reformer of this study was about 11.1 as
added in Figure 7 for comparison. It was assumed here that the

+
+

H CO
H O CO

2

2 2
molar ratio for the top gas of reactor is about 1.9 and it

has a H2/CO ratio of about 1.6, which is close to the other
industrial modules where this ratio is between 1.5 and 2. It was
found that changing this ratio does not affect much the later
calculations and so these characteristics for the DRI process gas
are hereafter considered.
Regarding the conversion of Fe2O3 to Fe by H2 (Fe2O3 + 3H2

= 2Fe + 3H2O) andCO (Fe2O3 + 3CO= 2Fe + 3CO2), themass
of metallic iron of DRI produced from hematite can be
calculated as

=m n M
2
3Fe

DRI
RO
Fe

Fe (28)

Similarly, the mass of Fe2+ iron (FeO) in DRI produced from
hematite can be calculated using

=m n M2FeO
DRI

RO
FeO

FeO (29)

where nRO
Fe and nRO

FeO are the number of moles (in kmol) of the
reductant gases (H2 + CO) that react with hematite for Fe and

FeO formation, respectively. These two parameters are in
relation to each other as

+ =n n nRO
Fe

RO
FeO

RO
t

(30)

where nRO
t denotes the total amount of H2 and CO (in kmol)

consumed in the reactor for the reduction reactions, and it is
depending on the compositions and the amounts of the feed gas
and top gas

= + · − +n n n(% H % CO) (% H % CO)RO
t

2 feed feed 2 top top

(31)

where nfeed and ntop denote the number of moles of feed gas and
top gas (in kmol), respectively. These two parameters are almost
the same as the same number of moles of H2O and CO2 that are
produced due to the consumption of H2 and CO in the reactor.
Regarding the definition of the metallization degree (MD),mFe

DRI

and mFeO
DRI are in relation with each other as

− =
·i

k
jjj

y
{
zzz

i
k
jjjjj

y
{
zzzzzm m

M
M

100 MD
100

MD
100Fe

DRI
FeO
DRI Fe

FeO (32)

Hence, eqs 28−32 can be used to determine the masses of
mFe

DRI and mFeO
DRI as they are the only two unknowns for a given

MD value. Furthermore, the mass of DRI produced by the
utilized gas in the reactor is obtained as

=
+

−
×m

m m
m100

100DRI
Fe
DRI

FeO
DRI

gangue
DRI

(33)

where mgangue
DRI denotes the mass of gangue in the DRI, which is

dependent on the properties of the utilized ore/agglomerate.
For instance, the conversion of the feed gas to the top gas shown
in Figure 7 is accompanied by the production of 1230 kg of DRI
with a MD of 94.1%. The burden temperature in the
ferromanganese reactor is higher than that in the DRI reactor,
and the total CO + H2 is higher. Therefore, in this study, a

Figure 7. Molar ratio of +
+

H CO
H O CO

2

2 2
in the feed gas and the top gas of industrial DRI reactors, and the obtained ratio for this study.

Table 2. Chemical Characteristics of the Iron Ore Pellet and the Corresponding Produced DRI (wt %)

material Fe2O3 FeO Fe−metal SiO2 Al2O3 MgO CaO MnO2 TiO2 P S
oxide pellet 95.80 0.14 1.59 0.34 0.87 0.75 0.03 0.1 0.052 0.004
DRI 6.97 87.75 2.2 0.47 1.2 1.04 0.04a 0.14 0.07 0.01

aMnO.
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complete reduction of Fe2O3 in the burden of FeMn reactor was
considered, while in the DRI reactor, an acceptable MD was
considered. In principle, a higher MD in the DRI reactor is
possible to obtain; however, in practice, the production rate is
decreased. Considering the typical iron ore pellet composition
given in Table 2, approximately 1702 kg iron ore pellet is
reduced to produce this amount of DRI with the corresponding
given composition as shown in the table.
It was observed that about 1230 kg DRI is produced per one-

ton HCFeMn, and this may give the reader a feeling that it is not
feasible to produce a small quantity of DRI per unit mass of
ferromanganese. It is worth noting that the natural gas-based
DRI reactors are operated with small sizes such as the Gilmore
module with about 26.4 t/h (230,000 t/year), medium sizes
such as the Siderca module with a 100 t/h production rate,40 and
very large ones with above a million t/year such as Midrex mega
modules. In small steelmaking companies, the installation of
small DRI units is favorable, and feasible to combine with the
FeMn reactor. Alternatively, the installation of more than one
FeMn reactor makes it possible to enlarge the size of the
adjacent single DRI reactor to utilize the gases from several
ferromanganese reactors. Currently, there are ferromanganese
producers that have two or three SAF modules in a plant, and
hence installing several ferromanganese reactors in a plant and
combining with a large DRI module is feasible.
3.3.2. Energy Balance for the DRI Reactor. The main

chemical reactions in theDRI reactor are endothermic, reactions
19 and 21−23, and they use a portion of the hot feed gas
enthalpy. Obviously, small heat is released due to the reduction
of Mn oxides to MnO, and most likely the water gas shift
reaction will release more heat. On the other hand, a large
portion of the enthalpy of the hot reducing feed gas is consumed
for heating up the materials in the burden. Assuming the charge
of cold iron ore pellet (room temperature) with the properties
given in Table 2 to produce DRI with 900 °C temperature (in
the upper part of the reactor), the reactor does not need any
external heat supply as shown in Figure 8 for the case of feed gas

and top gas temperatures of 1000 and 400 °C, respectively.
Obviously, the negative enthalpy of about101 kW h/t
HCFeMn is enough to compensate the heat losses from the
body of the DRI reactor. Hence, the DRI reactor does not need
any external heat supply.
3.4. Integrated Duplex Process and Energy Recovery.

As many commercial processes being developed today, the
proposed duplex process needs to have energy recovery units to

be run more economical and sustainable. Figure 9 shows the
integrated process with materials flow and their temperatures
(for the considered Mn ore in this study) with a few viable
suggested energy recovery units by the author. As the top gas of
the DRI reactor contains significant H2 and CO species around
65%, and it has 400 °C, it has an enthalpy of about 3286 kW h/t
HCFeMn. Therefore, it is crucially important to recover a part of
this energy via power generation. It is worth mentioning that the
energy recovery from theDRI process gas is common in the steel
industry. Approximately 45% of this gas can be used in the gas
reformer burners to supply the required heat for the reformer
tubes and the corresponding endothermic reactions (about
1608 kW h/t HCFeMn), and the remained 55% can be used in
an energy recovery unit to produce electricity and then add it to
the FeMn reactor as shown in Figure 9. In addition, the reformer
hot off-gas with around 1050 °C can be used in recuperators to
heat up cold methane and air for the process to 500 and 400 °C,
respectively. These temperatures are typical temperature chosen
here by the author to extract typical numbers. As illustrated in
Figure 9, the temperature of the reformer off-gas is decreased
from 1050 °C heat exchangers to about 650 °C upon heat
exchange with methane and air.
The remained DRI process gas (55%) is considered here to be

used in a turbine to convert the thermal and chemical energy
into electricity via combustion with air. This portion of gas has
an enthalpy of 1807 kW h/t HCFeMn at 400 °C and its
temperature can increase to about 2000 °C in combustion (with
an enthalpy of about 1902 kW h/t HCFeMn), considering
completed conversions of the H2 and CO toH2O and CO2. Like
the scrubber of the FeMn reactor, the top gas temperature in the
cleaning step is decreased (it was assumed to be in the range of
350−400 °C), however, it does not affect significantly the total
enthalpy of the process gas. In turbine operation, the
temperature can be controlled by controlling the air and turbine
operation conditions. The current commercial gas or steam
turbines can recover 40−65% of energy, depending on the
utilized technology.45 Assuming around 45% energy recovery by
a modern energy recovery unit, about 856 kW h/t HCFeMn
electric energy can be recovered for using in the FeMn reactor.
Regarding the above calculated required electric energy for the
FeMn reactor to be 1824 kW h/t HCFeMn, the supply of about
968.5 kW h/t HCFeMn is needed. This theoretical energy
consumption is much lower than the SAF process, which is
theoretically 241311 and 21939 kW h/t HCFeMn, excluding the
raw material effect here. In average, SAF in industrial operation
needs 2200−3200 kW h/t HCFeMn electricity.46 It is worth
noting that it is possible to recover more energy from the off-
gases, and this energy recovery can be for different purposes such
as warm water supply for houses, heating football fields,
greenhouses, fish farms, and so forth as has been done in the
Norwegian ferroalloy industry.47

3.5. Process Sustainability. To evaluate the sustainability
of the presented duplex process, the electric energy
consumption and CO2 emission from the process are compared
with available industrial numbers for the SAF process.

3.5.1. Electric Energy Consumption. The electric energy
consumption in the duplex process is mostly related to the FeMn
reactor and it is negligible for the DRI reactor as observed above.
Hence, the comparison of the electric energy consumption is
done here in comparison with the SAF forHCFeMn production.
As described in Section 3.1, around 1824 kW h electric energy
per ton HCFeMn is required for the stand-alone HC−FeMn
reactor, if the utilized methane is preheated to 500 °C. This is

Figure 8. Overall mass balance and the characteristics of the input and
the output of the DRI reactor.
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obviously the theoretical value for the case that the FeMn
process gas is not further used for DRI production. However, for
the case of a stand-alone HCFeMn reactor with an energy
recovery unit as illustrated in Figure 10, around 1063 kW h/t
FeMn is recovered considering 45% efficiency for the turbine.
Hence, the net required electric energy is about 867.2 kW h/t
FeMn, which is significantly lower than that of a FeMn reactor
with no energy recovery. On the other hand, it is lower than the
integrated duplex process electric energy consumption of about
968.5 kW h/t HCFeMn (and 1.23 ton of DRI), which is rational
as the whole FeMn reactor process gas has a slightly higher
enthalpy (2107 kW h/t HCFeMn) than 55% of the top gas of
the DRI reactor (1807 kW h/t HCFeMn). In order to show the
effect of energy recovery, the required electric energy for the
processes shown in Figures 9 and 10 was calculated as illustrated
in Figure 11. Obviously, the electric energy consumption is

increased using less-efficient turbines, and the energy con-
sumption of the duplex process is slightly higher than that of the
stand-alone FeMn reactor, for instance about 12% higher for
45% energy recovery. However, in the Duplex process, there is
more added value due to DRI production and it may be more
favorable. The stand-alone FeMn reactor with an energy
recovery unit (Figure 10) can be an alternative to SAF for the
ferroalloy industry.
Figure 12 shows the comparison of the above scenarios for the

Duplex reactor in comparison with SAF. In order to calculate the
energy consumption of the SAF, the same charge materials for
the FeMn reactor above were considered with the same
characteristics as those of the metal and slag products; however,
instead of the methane solid, carbon was added into the charge.
In order to maintain the same slag composition, it was a fair
approximation to assume that the solid carbon charge is pure.

Figure 9. Integrated duplex FeMn-DRI process with energy recovery units.

Figure 10. Schematic of the stand-alone FeMn reactor with an energy recovery unit.
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The mass balance calculation for the SAF reactor for the case of
Boudouard reaction involvement with about 23% C con-
sumption9 indicated a total carbon consumption of about 335
kg/t FeMn, and correspondingly about 1914 kW h/t FeMn
electric energy consumption was calculated. This theoretical
value is relatively close to the theoretical value of 2193 kW h/t
FeMn reported by Ahmed et al.9 for balancing the energy of a 21
MVA commercial HCFeMn furnace with a real energy
consumption of 2993 kW h/t FeMn. These numbers for SAF
are for the units excluding energy recovery in the form of
electricity. It is worth noting that Ahmed et al. have had different
charge materials and a larger slag volume of 690 kg/t FeMn with
about 19%MnO. They also calculated that 361 kW h/t FeMn is
dedicated to the Boudouard reaction, and this energy
corresponds to about 91 kg/t FeMn of carbon loss via this

reaction. Regarding their total coke consumption and its carbon
content, the Boudouard reaction consumes about 23% of the
SAF carbon charge, which agrees with the literature. It is worth
noting that a significant amount of alkalis, potassium, is cycled in
the SAF and it acts as a catalyst for the Boudouard reaction and,
therefore, this reaction proceeds well.8,48 In short, the energy
consumption of the FeMn reactor is slightly lower than that of
the SAF; however, it is significantly lower via combining with an
energy recovery. Obviously, the duplex process offers a better
situation regarding the DRI production, accompanied by lower
energy consumption per unit mass of all the metallic products.
Currently, no electric energy recovery from the off-gas of SAF

is commercially done (author could not find) for HCFeMn
production, while it is done in the other industries such as
ferrosilicon and ferrochromium processes. Considering the

Figure 11. Relationship between the power required for the FeMn reactor and the efficiency of the energy recovery unit for two process scenarios.

Figure 12. Comparison of energy consumption for HCFeMn (and DRI) production for different processes.
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charge materials for the FeMn reactor for a SAF, about 28 kmol
gas with a composition of 35% CO, 47% CO2, 18% H2O was
calculated at the outlet with a temperature of 200 °C. Electric
energy recovery from this gas in a turbine with 45% recovery, as
the above calculations for the FeMn reactor, returns about 780
kW h/t HCFeMn as calculated, which is about 70% of that for
the stand-alone FeMn reactor. Hence, the SAF energy
consumption is 1140 kW h/t HCFeMn. It is worth noting
that for the calculations, the output temperature of combustion
for the FeMn reactor gas was obtained to be about 2000 °C,
while for the SAF, it was about 1400 °C, and in principle it
means that it is possible to recover even more energy for the
FeMn reactor case. On the other hand, the quantity and quality
of the hot process gas of the FeMn reactor is much higher than
that of the SAF, making it more favorable to invest on energy
recovery units than the current SAF process.
3.5.2. CO2 Emission. The presented duplex process is a low

CO2 emission process in comparison with the current SAF
process for HCFeMn production. Figure 13 illustrates the
calculated CO2 emissions for SAF, a stand-alone FeMn reactor,
and the duplex process with regard to the charge materials
characteristics of this study. The calculated CO2 generation for
the SAF scenario is slightly less than the average CO2 emission
from the Norwegian plants, which is 1040−1150 kg/t
HCFeMn.49 The difference with the industrial analysis reported
by Ahmed et al. is mainly due to the differences in the
compositions of the raw materials. It is worth mentioning that
1100−1800 kg CO2/tHCFeMn is produced in SAF.46 Figure 12
indicates that for a given Mn ore/agglomerate (this study), a
stand-alone FeMn reactor generates 28% less CO2 than SAF,
and the duplex process is the most sustainable approach with
about 40% lower CO2 emission than SAF.
3.6. Future Technology Development. In this study, a

future cleaner technology than SAF for HCFeMn production
was presented and there will be of course challenges to
commercialize it, mainly due to the lack of knowledge in the
ferromanganese industry about DRI production, or in iron and
steel industries about ferroalloy production. Regarding the
significant DRI production by the developed technologies,

about 108 million tons DRI were produced in 2019 according to
World Steel Association,50 and hence the duplex process
development requires the development of the FeMn reactor as
it is different with the SAF and BF technologies. The presented
scheme in Figure 1 is speculative, and there may be several
approaches to design the reactor, which is above the scope of this
work.
The presented duplex process is important regarding the

circular economy. A silicomanganese (SiMn) furnace adjacent
to the FeMn reactor to utilize the HCFeMn slag, which has still
significant MnO for SiMn production is viable. This will be of
importance regarding the utilization of low-grade Mn ores as
many of such ores have quartz and SiO2-containing minerals.2,33

Moreover, there has been great interest in the development of
highMn-containing TRIP and TWIP steels in recent years.51−53

Hence, the production of Mn ferroalloys together with DRI at
high temperatures is viable to produce these TRIP and TWIP
steels in a steelmaking plant. Such an integrated process to utilize
the iron and Mn primary raw materials for making high Mn-
containing steels is probably better to be carried out by the
steelmakers as the molten steel alloy must be further treated to
final steel products such as sheets, bars, and so forth, and the
required expertise is more in the steel industry.
The duplex process is advantageous to be used in geographical

locations with natural gas (resources or economically trans-
ported) and cheap (renewable) electricity are available.
Additionally, it is better to have local or regional users/
customers. Moreover, it needs knowledge and experience about
both Mn-ferroalloy production and DRI production and related
engineering disciplines, depending on the process parts to be
installed. In addition, it is advantageous to be adjacent to a
steelmaking plant rather than the ferromanganese and DRI
plants to minimize the long transportation of the materials. The
present work, however, is a basis for further research in the field
and research on the FeMn reactor on lab and pilot scales.

4. CONCLUDING REMARKS

The mass and energy balances for a future duplex process to
produce ferromanganese and DRI by natural gas were done

Figure 13. Comparison of CO2 emission for HCFeMn (and DRI) production for different processes.
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considering the process thermochemistry. The main conclu-
sions of this work are summarized as:

• The production of ferromanganese by natural gas is viable
from the process chemistry point of view in a FeMn
reactor, yielding a gaseous product with high amounts of
CO and H2 gases.

• The FeMn reactor gas outlet can be upgraded to a hot
reducing gas for DRI production via methane reforming
with it in a gas reformer.

• The duplex process yields more than one-ton DRI, that is,
1.23 t, per one-ton ferromanganese produced.

• Energy recovery from the gases in the Duplex process
benefits the process significantly with around 50% per unit
mass of metals produced.

• The duplex process shows 40% lower CO2 emission
compared with the current commercial process per unit
mass of the metal products.

• It was found that a stand-alone FeMn reactor for the
HCFeMn production with an energy recovery unit for the
process gas is advantageous than the current SAF
technology, with at least 30% less electric energy
consumption.
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