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Asymmetric carbon molecular sieve (CMS) membranes prepared from cellulose hollow fiber precursors were
investigated for Hp/CO separation in this work. The prepared carbon membrane shows excellent separation
performance with Hy permeance of 111 GPU and an Hy/CO3, selectivity of 36.9 at 10 bar and 110 °C dry mixed
gas. This membrane demonstrates high stability under a humidified gas condition at 90 °C and the pressure of up
to 14 bar. A two-stage carbon membrane system was evaluated to be techno-economically feasible to produce

high-purity Ha (>99.5 vol%) by HYSYS simulation, and the minimum specific Hy purification cost of 0.012
$/Nm? Hy, produced was achieved under the optimal operating condition. Sensitivity analysis on the Hy loss and
H, purity indicates that such membrane is still less cost-effective to achieve ultrapure hydrogen (e.g., >99.8 vol
%) unless the higher operating temperatures for carbon membrane systems are applied.

1. Introduction

Hydrogen production from natural gas (NG) is the most applied
technology, which has been a suitable approach for implementing the
hydrogen economy concerning low-carbon energy future and the
reduction of greenhouse gas emissions [1,2]. Steam methane reforming
(SMR) process integrated with water-gas shift (WGS) reactor is widely
used for the efficient conversion of NG to hydrogen. However, the
produced Hp stream usually contains a significant amount of CO; that
should be removed to produce high purity hydrogen. Purification of
hydrogen from this gas stream requires novel separation technologies to
improve energy efficiency as it consumes ca. 60% of the total energy
requirement in the whole hydrogen production process. The
state-of-the-art hydrogen purification technologies of pressure swing
adsorption (PSA) and cryogenic distillation [2-4] are energy-intensive,
while membrane gas separation technology shows its potential in this
application because of its high energy efficiency, small footprint, and
process flexibility. Different types of membranes such as palladium
membranes [5], polymeric membranes [6,7], two-dimensional (2D)
nanosheets [8,9], mixed matrix membranes [10,11], and carbon mem-
branes [12] have been investigated for Hy/CO, separation. Although

great effort has been put into the development of palladium-based
membranes for the production of high-purity Hy for fuel cells [5], the
cost of palladium membranes is still high, which cannot yet compete
with PSA. In comparison, the polymeric and mixed matrix membranes
have the challenges to endure adverse conditions (e.g., high temperature
and pressure), which limits the membrane stability under such
circumstances.

Carbon molecular sieve (CMS) membranes, consisting of rigid pore
structures, have great advantages of strong mechanical and chemical
stabilities and are considered promising candidates for the high-
temperature and -pressure demanded scenarios. Carbon membranes
can be fabricated into a hollow fiber configuration which is suitable for
making membrane modules with high packaging density for large-scale
applications. Due to a bimodal pore structure with ultramicropores and
micropores, CMS membranes present high separation performance that
can exceed the Robeson upper bound (2008) [13] to reach the industrial
attractive region for this application [14]. Different polymeric pre-
cursors, such as cellulose derivatives [15-17], polyimide [18-20], poly
(vinylidene fluoride) (PVDF) [21], and polyacrylonitrile (PAN) [22],
have been employed to prepare CMS membranes for various gas sepa-
rations. Supported CMS membranes integrated into membrane reactors
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for hydrogen production have been investigated by the Tsotsis group
[23-25]. They reported good stability of CMS membranes when it is
operated at the temperatures and pressures of up to 250 °C and 25 bar,
respectively. However, achieving a high Hy/CO5 selectivity is still
challenging due to the presence of a selective surface flow (SSF) trans-
port mechanism for CO2 molecules that allows a significant amount of
CO, molecules to pass through the membranes. To overcome this pre-
dicament, tuning the ultramicropores of CMS membranes to a narrower
size (e.g., 3-4 f\) that restricts CO, diffusion, could be an effective
method to improve the Hy/CO, selectivity by switching to the molecular
sieving dominated mechanism. A facile approach by elevating carbon-
ization temperature to enhance the Hy/CO selectivity has been reported
by Zhang et al. [26]. The Hy/CO, selectivity was increased from 3 to 11
when the carbonization temperature was raised from 750 to 900 °C.
However, there was a large concomitant decrease in Hy permeability
from 1600 to 240 barrer, which corresponds to a reduction in Hy per-
meance from 65 to 10 GPU (estimated from the reported thickness of ca.
25 pm) [26]. Such a significant reduction in gas permeance will
dramatically increase the capital cost due to the larger required mem-
brane area, which may not offset the reduced operating cost with the
enhanced selectivity to complete a specific separation task. Thus, the
preparation of CMS membranes with asymmetric structure (i.e., a dense
selective layer and an integral porous inner support layer) may provide a
relatively lower transport resistance and thereby potentially offset the
gas permeance drop when they are prepared at a higher carbonization
temperature [18,27].

In the current work, high-performance asymmetric carbon hollow
fiber membranes (CHFMs) were prepared by carbonization of the cel-
lulose hollow fiber precursors spun from a cellulose/ionic liquid dope
solution. By controlling the spinning conditions, the asymmetric cellu-
lose hollow fiber precursors were obtained and further carbonized at
700 °C to produce asymmetric CHFMs. The procedure does not require
any additional crosslinking treatment, which has often been used in the
preparation of asymmetric carbon membranes to avoid pore collapse
during the carbonization. The prepared CHFMs were evaluated by
feeding a mixed gas of 50 vol% Hy/50 vol% CO2 under different tem-
peratures (up to 110 °C) and pressures (up to 14 bar). Permeation testing
under a 100% relative humidity (RH) mixed gas at 90 °C indicates that
the cellulose-based CHFMs have good stability under the water-vapor
exposed conditions. The great advantage of the water-vapor resistance
capability for the cellulose-based CMS membranes also shows a prom-
ising opportunity for other separation scenarios where water vapor ex-
ists. Techno-economic feasibility of a two-stage membrane system for
the production of high purity Hy (>99.5 vol%) from a feed gas of 6000
kmol/h was conducted by HYSYS simulation based on the measured
membrane performance. The operating conditions, such as feed and
permeate pressures, were optimized to achieve a minimum specific Hy
purification cost.

2. Method
2.1. Membrane preparation

Cellulose hollow fiber precursors were fabricated by a dry-wet
spinning process. The 12 wt % microcrystal cellulose (MCC, Avicel
PH-101, purchased from Sigma-Aldrich) was dissolved in a cosolvent of
1-Ethyl-3-methylimidazolium Acetate (EmimAc, > 95%, purchased
from IOLITEC GmbH) and dimethyl sulfoxide (DMSO, FCC grade, pur-
chased from Sigma-Aldrich) with a weight ratio of 3:1 for EmimAc:
DMSO as the dope solution for spinning. Bore solution of 80 wt%
cosolvent and 20 wt% non-solvent of water was used. Moreover, water
was used as a coagulation fluid, and the temperature of the first and
second coagulation bath was controlled at 60 °C and 40 °C, respectively.
The nascent water-wetted cellulose hollow fibers were then immersed
into isopropanol (>99.7%, FCC grade, purchased from Sigma-Aldrich)
and followed with n-hexane (ReagentPlus®, >99%, purchased from
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Sigma-Aldrich) for the solvent exchange to maintain the obtained
asymmetric structure. Afterward, the CHFMs were prepared by the
carbonization of asymmetric cellulose hollow fibers with the argon
purge gas using the carbonization procedure described in the previous
work [30]. In brief, the cellulose precursors were initially heated from
room temperature up to 200 °C at a heating rate of 10 °C/min and fol-
lowed by a 4 °C/min from 200 to 300 °C. After an isothermal dwell at
300 °C for 120 min, a heating rate of 5 °C/min was applied to reach the
final carbonization temperature of 700 °C for preparing the desired
carbon membranes. The average outer diameter and the thickness of the
selective layer for the prepared carbon membranes are ca. 215 pm and 3
pm, respectively, as is shown in the SEM image in Fig. la. In total 10
carbon hollow fiber membranes were mounted into a lab-scale module
(3/8-inch stainless steel tubing) with an effective membrane area of 9
cm? (See Fig. 1b and c for the illustrations of the construction for
membrane module and a photograph of the testing module, respec-
tively). Both sides of the module are open, and the CHFMs are evenly
arranged inside the tubing to get a well-distributed gas flow pattern and
are sealed by the Loctite EA 3430 epoxy adhesive. The prepared
lab-scale module was tested with the mixed gas permeation rig to
document the membrane separation performance (see Fig. 1d).

2.2. Mixed gas permeation testing

In this work, the prepared carbon membrane module was tested with
a fully-humidified (100% RH) pre-mixed gas of 50 vol% Hz/50 vol%
CO,, at different feed pressures of 8-14 bar at 90 °C to document the feed
pressure influence on the membrane separation performance and the
membrane stability of moisture exposure. Moreover, the same module
was also tested at various temperatures of 25-110 °C using a 150 Nml/
min dry mixed gas at a constant feed pressure of 10 bar. The sweep gas of
argon is used in the permeate side at 1 bar with a flow rate of 50 Nml/
min, which provides sufficiently high flow for the gas chromatograph
(GG, 8610C, SRI Instruments Inc.) analysis. An illustration of the mixed
gas permeation rig is depicted in Fig. 1d. For all the experiments, the gas
mixture was fed from the shell side of the module, and hydrogen per-
meates through the carbon membranes to the bore side. The permeate
gas composition of Hy and CO, was analyzed by GC, while the total
permeate flow was measured by an online bubble flow meter (see
Fig. 1d). Gas permeance (Pe) is calculated by Eq. (1),

Ji qi

Pe; = = 1
“=ap AAp, W

Where J; (m3(STP)/(m?h) and qi (m>3(STP)/h) are the permeate flux and
flow rate of the gas component i (g; = q x y;, where g is the total
permeate flow rate (m3(STP)/h)). A and Ap; are the effective membrane
area (m?) and partial pressure difference (bar) of component i, respec-
tively. The driving force of component i is then calculated by (AP; = x; x
Pr —y; x pp), where Py, and pp are the total feed and permeate pressures.

_Yilyi

The separation factor is calculated by S;/; = e in which x and y are the

concentrations of the components i and j in the feed and permeate,
respectively.

2.3. Process evaluation

2.3.1. Process description and design

In a hydrogen plant, natural gas is preheated and mixed with a small
hydrogen stream before it enters a desulphurization unit. Steam is added
and further heated to ca. 400 °C and fed to a pre-reformer, where higher
hydrocarbons are converted to methane. This is to prevent coking in the
steam-methane reformer. The gas is further heated to ca. 500 °C before it
is fed to the reformer tubes where methane and steam react to form CO
and hydrogen. The resulted gas consists of hydrogen, CO, CO2, water,
and some inert, and is further cooled down to 350-400 °C before it is fed
to a high-temperature shift reactor. A typical product stream composes
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Fig. 1. a) SEM image of the prepared carbon hollow fiber membrane, b) an illustration of the CHFM module in a counter-current flow pattern, c) a photograph of a
CHFM module for mixed gas permeation testing, and d) schematic of the mixed gas permeation rig.

Hg, COy, CHy4, and CO, and a second shift process involving a low-
temperature water-gas shift (LTWGS) reaction is often used to fully
convert CO to CO. The outlet gas consists of mainly hydrogen and COs,
with a small amount of unconverted CO and methane. The stream out of
the LTWGS reactor is cooled to 100-200 °C before it goes into the
membrane system where the CO5 and other impurities (like CH4, CO,
H»0, HCs) are separated from hydrogen. It should be noted that the gas
permeances of CO, CH4 and HCs are usually much lower compared to
CO; and will stay together with the enriched CO, stream in the retentate.
Therefore, the main components CO,, Hy, H2O are only considered to
simplify the process simulation as listed in Table 1.

A two-stage carbon membrane system for H, purification was
designed, as illustrated in Fig. 2. The 1st-stage is designed to control the
H; loss (<10%) by adjusting the membrane area together with the 2nd-
stage retentate recycling. Simultaneously, the 2nd-stage membrane unit
will produce high purity Hy (>99.5 vol%) based on the required mem-
brane area under the given operating conditions, which is particularly
interested in being used as the Hy source for downstream petrochemical
industries and/or catalytic conversion to chemicals/fuels.

The gas stream that comes out from the LTWGS reactor will be
dehydrated to remove most of the water vapor. The relatively dry gas is
then fed into the 1st-stage membrane unit (M — 1) after it is pre-heated
to a given operating temperature (e.g., 100-200 °C) for carbon mem-
branes. Heat exchange network has not been considered in this work,

Table 1
Characteristics of products from integrated SMR + LTWGS
processes.
Parameter Value
Feed gas flow rate, kmol/h 6000-8000
Temperature, °C 200
Pressure, bar 10-20
Gas composition”, vol. %
CO4 19
Ha 61
H;0 20

@ The impurities of CO and CH4 are not included.

which can be conducted by the heat integration between the condenser
(C-1) and the heat exchanger (E—1) in future work. The 1st-stage
permeate stream containing the enriched Hj is compressed (inter-
stage compressor: K-1) and sent to the 2nd-stage carbon membrane unit
(M — 2) for the ultimate purification to produce high purity hydrogen
(>99.5 vol%). While the 2nd-stage retentate is recycled back to the 1st-
stage feed to avoid a high Hj loss, and the additional compressor (K-2)
might be applied if the feed pressure of the 2nd-stage is lower than that
of the 1st-stage.

2.3.2. Simulation basis

To document the technological and economic feasibility of carbon
membrane systems for Hy purification from a steam methane reforming
process, the simulation basis listed in Table 2 was chosen based on the
experimental data obtained in this work and the process condition
described above. Extrapolation of the experimental results is employed
to model the scenarios that were not tested in the experiments, which is
described in section 3.1. It should be noted that the HoO permeance
cannot be measured in the experiment due to the difficulty of deter-
mining the water concentration in the permeate gas stream using GC.
Since the Hj diffusion coefficient would be expected to be close to H,O
given their similar kinetic diameters, whereas H»O sorption on cellulose-
derived carbon membranes is strong as reported by Rodrigues et al. [28],
so it is suspected that the water vapor permeance through the developed
carbon membranes could be higher compared with hydrogen, as re-
ported by Sa et al. [29]. However, increasing operating temperature is
expected to reduce the water adsorption on the carbon matrix, therefore,
we assume that water vapor permeance is the same as Hj in this work
due to the high operating temperatures in a steam methane reformation
process. Future work on testing the HyO adsorption of this carbon
membrane may provide more accurate data for simulation-this is how-
ever not included in the current work. It should be noted that our pre-
vious work has already reported the stability of this carbon membrane
exposed to a humidified feed gas, and the stable performance was found
over 120 h under a 100% RH humidified mixed gas at 10 bar and 90 °C
[30]. Thus, the humidity influence on membrane performance was not
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Fig. 2. Process flow diagram of a two-stage carbon membrane system for hydrogen purification in an SMR + WGS process.

Table 2

Simulation basis of a membrane system for H purification.
Parameter 1st-stage 2nd-stage
Feed pressure, bar Optimized Optimized
Permeate pressure, bar Optimized 1
Temperature, °C 90-200 90-200

H, permeance, m3(STP)/(m?h-bar)
H,0 permeance, m>(STP)/(m? h-bar) Assuming the same as Hj
H,/CO, selectivity Experimental data (Figs. 3 and 4)
Total Hj loss, % <10

H, purity, vol% >99.5

Experimental data (Figs. 3 and 4)

considered in this work. The previously reported method on process
simulation of carbon membranes for gas separation and purification [26,
31] was introduced in this work. The designed two-stage carbon mem-
brane system was simulated by HYSYS integrated with a ChemBrane
model (in-house membrane model [31]) to document the technological
feasibility. The gas permeation through the carbon hollow fiber mem-
branes in a counter-current plug flow pattern with shell side feeding was
described in the previous work [31]. It should be noted that the
ChemBrane model does not separately consider the transport in the
surface adsorption phase and the bulk diffusion phase, instead the
overall mass transfer coefficient is represented by the apparent gas
permeance, which considers both the competing diffusion and sorption
effect of gas components transporting through carbon membranes. It is
worth noting that the simulation results based on the ChemBrane model
have been compared with the experimental data and presented a good
consistency as reported in the previous work [32]. Therefore, this
membrane model was introduced to simulate the Hy/CO; separation in
this work. Moreover, the loading effects of the high sorption gases (i.e.,
water vapor and CO3) in carbon membranes were not included in the
membrane model as their expected sorption will be significantly
reduced at higher operating temperatures. It is also worth noting that
the process reported for the purification of Hy from a fermentation
process by He et al. [33] is different from the SMR process in this work
where the gas stream that comes out from the LTWGS reactor is above
200 °C and a high-pressure of 15-25 bar. In that work, a two-stage
carbon membrane system including an Hp-selective membrane in the
1st-stage with a COy-selective membrane in the 2nd-stage was proposed
to get a high purity of Hy [33] due to the low Hy/CO> selectivity oper-
ated at low temperature, and using only Hy-selective carbon membrane
was technically unfeasible. Moreover, dry feed gas (containing only Hy
and CO;y) was simulated as most of the previously reported carbon
membranes cannot handle water vapor very well due to the pore
blocking of the condensed water molecules inside pores. However, the
high Hy-selective carbon membranes reported in this work can complete
such separation requirements without the need for the COs-selective
membrane. Moreover, the reported carbon membranes in this work
provide good stability in humidified conditions (based on the durability
testing results [30]). The process parameter optimization based on the
experimental data obtained from the mixed gas permeation testing was

conducted, and the sensitivity analysis on the process operating pa-
rameters such as required Hy purity, and operating pressure and tem-
perature was also investigated based on process simulation and cost
estimation.

2.3.3. Cost model

Since the compressors and membrane units are the dominating cost
in the membrane separation systems, as reported in previous work
[34-36], capital cost estimation based on the major equipment of
compressors and membrane units was investigated in this work, as is
summarized in Table 3. The cost values are based on the 2018 Chemical
Engineering Plant Cost Index (CEPCI) value of 603.1 and calculated
from CAPCOST 2017 [37], which is only used for the estimation of major
equipment (compressors) cost. The centrifugal compressors (450-3000
kW) with carbon steel materials were selected for this relatively mod-
erate operating condition. The bare module cost (Cgyy), which is calcu-
lated by the result of the purchase cost (Cg) of equipment in base
conditions and a bare module factor (Fpy), is used for the compressor
cost evaluation [37], as shown in Eq. (2),

Csu= CpFpy ©))

Where C9 is calculated by,
IOg]o C2 :Kl +K210g10 (A) =+ K3 [lOglo (A)]2 (3)

where A is the power of compressors. Kj, Ky, and K3 are constant and
equivalent to 2.289, 1.360, and —0.1027 for a centrifugal compressor
[37].

The total module cost (Crpp) is evaluated by the values of 15% and
3% of the bare module cost (corresponding to the contingency costs and
fees, respectively) as given in Eq. (4), and the grassroots cost (Cgr) can
be further evaluated based on Eq. (5),

Table 3
Cost models and parameters for H; purification using CHFMs.
Category Parameter Value
Capital expenditure (CAPEX) Membrane skid cost (Cyy) 100 $/m?>
Compressor grassroots cost Eq. 5
(Cgr)
Annual operating expenditure Electricity cost (EC) 0.05
(OPEX) $/kWh

Labor cost (LC)
Annual capital related cost (CRC) 0.2 Cggr + 0.28 Cyy
H, purification cost Eq. 6

17 $/h*

Other assumptions Membrane lifetime 5 years
Equipment lifetime 20 years
Project lifetime 20 years
Operating time 7500 h/
year

2 Based on 25 MMSCFD (1 MMSCFD = 1177.2 Nm®/h) [39,40].
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where n represents the total number of pieces of equipment, and CgM_i is
the bare module costs in the base conditions.

For the membrane unit, the membrane lifetime is assumed to 5 years,
and the carbon membrane cost of 100 $/m? was used [38], which in-
cludes the membrane material, module, and installation cost. It is worth
noting that carbon membrane may face physical and/or chemical aging
over a long operation period as reported in the previous work [30].
However, by applying regeneration, the membrane performance of both
gas permeance and selectivity can be highly recovered, especially reach
95% of the original Hy/CO; selectivity as reported by Lei et al. [30].
Therefore, we assume that the membrane performance listed in Table 2
(based on experimental data) can be maintained in the whole membrane
lifetime. However, a correction factor toward degradation during 5
years of operation might be applied in future work. Annual capital
related cost (CRC) for the whole system is estimated to be 20% of the
total grassroots cost of compressors and 28% of the membrane skid cost,
which covers depreciation, interest, and equipment maintenance. For
operating expenditure (OPEX), only electricity and labor cost are
considered to simplify the cost estimation. Thus, the specific Hy purifi-
cation cost ($/Nm> Hjy produced) was estimated by,

CRC + OPEX

H, specific purification cost = 6
2 specific purif annual H, productivity ©®

3. Results and discussion
3.1. Hy/CO; separation performance

Fig. 3 shows the separation performance as a function of testing
temperature ranges from 25 °C to 110 °C under 10 bar with dry mixed
gas (50 vol% Hy/50 vol% COsy) feeding. In our recent work, both gas
permeance and Hy/CO; selectivity were enhanced by increasing the
operating temperature [30]. It should be noted that the higher operating
temperatures can accelerate gas diffusion, which results in improved gas
permeance. Simultaneously, the CO, adsorption will be limited at higher

Temperature (°C)

200 150 11090 70 45 25

T T — T T T 60
220 H, Ea=16.7kJ mol"|
- 450 ~—
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-— ~@. o
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Fig. 3. Effects of operating temperature (25-110 °C) on separation perfor-
mance (solid symbols) under 10 bar mixed gas (50 vol% H,/50 vol% CO,) with
dry feeding. The predicted performances (hollow symbols) at 150 and 200 °C
are obtained by the extrapolation based on the Arrhenius plots (gray
dash lines).
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temperatures, which improves the Hy/COs selectivity. For instance, the
H; permeance of 25.9 GPU (1GPU = 3.35 x 10710 mol/(s m?> Pa)) and
Hy/CO; selectivity of 30.8 were recorded at 25 °C. At 110 °C, the
selectivity and Hy permeance increased to 36.9 and 111 GPU, respec-
tively, which are approximately 1.2 times and 4.3 times higher than that
of 25 °C. The gas permeances obtained from the mixed gas permeation
testing were used as the simulation basis. The apparent activation en-
ergies of Hy and CO» are estimated to 16.7 kJ/mol and 14.7 kJ/mol
based on the Arrhenius relationship given in Eq. (7),

P\ [P\ E, 1
ln<7>—ln<7>fif @]

Due to the coexistence of both molecular sieving activate transport
and selective surface flow transport for the CO, molecule, it presents a
strong affinity with the carbon membrane surface. Thus, CO; can be
more easily adsorbed along the pore wall compared to the less adsorb-
able Hy. The relatively lower apparent activation energy of COj
compared to Hj indicates that the operating temperature provides a
more significant effect on Hy permeance. Based on the Arrhenius rela-
tionship, the membrane performances are extrapolated to higher oper-
ating temperatures (e.g., 150 and 200 °C), as depicted in Fig. 3. It can be
found that the higher operating temperatures present the enhanced
membrane performances of both Hy permeance and H/COj selectivity,
which are preferable for industrial application. Therefore, the sensitivity
analysis of operating temperature on the economic benefit of carbon
membrane systems for Hy purification is discussed in section 3.2. It
should be noted that the membrane module was sealed by Loctite EA
3430 epoxy adhesive, which cannot withstand for a long time the con-
ditions under the water-vapor contained gas stream at a temperature
above 110 °C and 10 bar. Therefore, identifying a more suitable epoxy
potting material for the higher temperature testing should be pursued in
future work.

Since the gas stream after the LTWGS reactor contains water vapor
(e.g., 20 vol%), it is essential to investigate the membrane separation
performance and stability under humidified conditions. In our previous
work, the developed CHFMs show a hydrophilic property and therefore
have shown excellent stability under humidified conditions [30]. Fig. 4
shows the separation performance of the prepared CHFMs tested at
various feed pressures using a fully-humidified gas mixture (50 vol%
Hy/50 vol% CO»). Specifically, the Hy permeance drops with the in-
crease of the total feed pressure, whereas the Hy/CO, selectivity in-
creases. The prepared carbon membrane shows a lower performance (Hs
permeance of 73.2 GPU and Hy/CO; selectivity of 31.2) under humidi-
fied conditions compared with the testing results obtained under dried
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Fig. 4. Mixed gas separation performances using a 50 vol% Hy/50 vol% CO,
gas mixture as a function of total feed pressure tested under 100% RH condi-
tions at 90 °C (the gray dot lines give a linear fitting model for the relationship
between the performance and total pressure.
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conditions at 10 bar and 90 °C (see Fig. 3, with the corresponding Hy
permeance of 96.3 GPU and Hy/CO; selectivity of 35.3), which might be
caused by the water sorption at the micropores of carbon matrix that
hinders the diffusion of Hy and CO5 molecules. The sorption behavior of
water molecules and carbon matrix as well as the interaction between
water molecules and other permeating gases will be investigated in
future work. By employing a linear regression model for the perfor-
mance with the total feed pressure (see Fig. 4), the Hy permeance and
Hy/CO; selectivity were expanded to a wider pressure range for process
simulation. It should be noted that the linear fitting may underestimate
the Hy permeance at much higher pressures (e.g., >20 bar) since the
trend usually approaches a plateau at high pressure for CMS membranes
[41]. Therefore, the simulations were only conducted at feed pressures
of up to 20 bar.

3.2. Process optimization

Although the prepared carbon membrane shows good H2/CO> sep-
aration performance at elevated temperatures and high pressures, as is
documented above, the technological feasibility analysis for Hy purifi-
cation in an integrated WGS process at plant scale should be conducted
by process simulation. The optimal operating condition and the sensi-
tivity analysis of Hy loss and Hj purity and operating temperature are
discussed in detail.

3.2.1. Effect of the 1st-stage feed pressure

The operating pressure could significantly affect the specific cost as
there is a trade-off between the driving force and gas permeance when
changing feed pressure. Specifically, a higher transmembrane pressure
(requires higher energy for compressors) provides a higher driving force
for gas permeation, resulting in a higher gas flux thereby leading to a
reduced membrane area. However, as illustrated in Fig. 4, the higher
transmembrane pressure will lead to reduced Hy permeance, resulting in
the requirement of additional membrane area to compensate for the
performance loss. Thus, the membrane area (directly related to CAPEX)
is a function of operating pressure. Correspondingly, the operating
pressure can be optimized to minimize the specific cost by balancing
CAPEX and OPEX. Considering the outlet pressure of an LTWGS process
is normally around 10-20 bar, the feed pressure for the 1st-stage
membrane unit can be easily controlled. In this part, the total Hy loss
is controlled at below 10% and Hj purity is set to 99.5 vol%, as is
depicted in Fig. 2 and listed in Table 4. Scenario A is to investigate the
effect of the 1st-stage feed pressure on the processing cost.

When the 1st-stage feed pressure is increased from 10 to 20 bar, the
required membrane area shows a minimum value at 16 bar, while the
power demand for the compressors is slightly decreased. As a result, the
specific cost for producing Hy follows the same trend as the membrane
cost, as is shown in Fig. 5. Since the 2nd-stage feed pressure and the 1st-
stage permeate pressure are kept constant, the required membrane area
for the 2nd-stage membrane unit is almost constant. However, by
adjusting the 1st-stage feed pressure, the “trade-off” between the driving

Table 4
Separation scenarios for the optimization of the operating pressure.
Scenario 1st-stage feed ~ 2nd-stage 1st-stage H, H,
pressure (bar)  feed pressure permeate loss purity”
(bar) pressure (%) (vol%)
(bar)
A 10-20 10 1 10 99.5
B Optimized 4-16 1 10 99.5
from scenario
A
C Optimized Optimized 1-4 10 99.5
from scenario  from scenario
A B

2 Dry-based gas composition.
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Fig. 5. The influence of the 1st-feed pressure on the required membrane area,
specific cost, and power demand (the inserted figure).

force and Hjy permeance leads to a parabolic dependence of the mem-
brane area on the 1st-stage feed pressure. The higher transmembrane
pressure applied in the 1st-stage membrane unit also produces a rela-
tively higher purity of Hj in the permeate, which leads to a reduced
recycling rate. Thus, the power demand for the compression of the 1st-
stage permeate gas before feeding to the 2nd-stage membrane unit will
be slightly reduced, as shown in Fig. 5. Based on these factors, the
optimal specific cost for producing 99.5% Hy is 0.0157 $/Nm? when the
1st-stage feeding pressure is operated at 16 bar. It should be noted that
the high-pressure vent gas at the 1st-stage retentate can be expanded to
recover work, and potentially reduce the overall power demand - this is
however not included in the current study.

3.2.2. Effect of the 2nd-stage feed pressure

When applying the optimized feed pressure of the 1st-stage mem-
brane unit at 16 bar, the 2nd-stage feed pressure was optimized (as
scenario B depicted in Table 4). Fig. 6 shows the effects of the 2nd-stage
feed pressure on the key parameters, such as membrane area, power
demand, CRC, and specific cost. The required membrane area for the 1st-
stage membrane unit is almost constant (with a slight reduction from
70800 to 70000 m?) due to the fixed feed pressure of 16 bar. However,
the required membrane area for the 2nd-stage unit is reduced from
103000 to 43000 m? when the pressure is increased from 4 to 16 bar. It
is expected that a higher feed pressure increases the driving force, and
therefore the required membrane area for the 2nd-stage unit is reduced,
as shown in Fig. 6a. On the other hand, the higher pressure ratio be-
tween the 2nd-stage feed and 1st-stage permeate stream, caused by the
increased 2nd-stage feed pressure, leads to more extensive power de-
mand for the inter-stage compressors (i.e., K-1 in Fig. 2), which increases
the compressor capital cost (i.e., additional compressors may be
required) and the OPEX. Due to the combination of these two opposing
factors (the reduced membrane capital cost and the increase of
compressor related cost), the specific cost for Hy purification decreases
initially and then followed by an increase when the 2nd-stage feed
pressure is above 6 bar, as demonstrated in Fig. 6b.

3.2.3. Effect of the 1st-stage permeate pressure

The specific cost was further optimized by adjusting the 1st-stage
permeate pressure, as illustrated in Fig. 7 (the 1st- and 2nd-stage feed
pressure were kept at 16 bar and 6 bar, respectively, scenario C). The
required membrane area of the 2nd-stage membrane unit is almost
constant (~68000 m?) because the feed pressure and H, purity were
kept constant when adjusting the 1st-stage permeate pressure. Although
the lower transmembrane pressure at the 1st-stage unit caused by the
higher permeate pressure requests a larger membrane area to fulfill the
required Hy loss (resulting in a higher membrane skid cost), the power
demand for the compression of the permeate stream to the 2nd-stage
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unit is however reduced (see Fig. 7) due to the lower pressure ratio. As a
result, both the number of compressors and the OPEX decrease after-
ward. Thus, a minimum specific hydrogen purification cost of 0.012
$/Nm? is obtained at the 1st-stage permeate pressure of 3 bar by
balancing the membrane unit cost and the compressor related cost.

3.3. Sensitivity analysis of Ha loss and purity

Based on the above optimized operating pressures for the two-stage
membrane units, the techno-economic analysis of the Hy purification
process by studying the Hj loss and purity were analyzed, as is listed in
Table 5 and Fig. 8. Scenario D and E are used to investigate the influence
of Hy loss and Hy purity, respectively. At a low Hy loss of 3%, a large
membrane area is needed to achieve a high Hy penetration in the 1st-
stage unit, and a high gas volume from the 2nd-stage retentate needs
to be recycled, which results in increased power demand for the com-
pressors. As a result, the total membrane area and the power con-
sumption increase. As shown in Fig. 8a, when the Hj loss in the 1st-stage

Table 5
Simulation scenarios of varying H, loss and purity under the optimized
pressures.

Scenario  Hy H;, purity 1st-stage 1st-stage 2nd-stage
loss (vol%) feed permeate feed
(%) pressure pressure (bar) pressure
(bar) (bar)
D 3-15 99.5 16 3 6
E 10 99-99.8

retentate increases from 3% to 15% (the Hj recovery reduces from 97%
to 85%), the required total membrane area is reduced by 43.7% from
261000 to 147000 m?, and the power consumption is reduced by 47.9%
from 4800 to 2500 kW (Fig. 8b). Correspondingly, the specific Hy pro-
duction cost drops from 0.0174 to 0.0113 $/Nm°, caused by the
decrease of CRC and OPEX (Fig. 8b). However, the higher H; loss leads
to lower Hy productivity, which is not desirable in an industrial process.
Thus, a suitable Hy loss (or H recovery) should be essentially considered
when designing and operating a real-life membrane system.

On the other hand, product purity is another crucial parameter for
process design as the Hy purity may differ for the various downstream
applications. Fig. 8c and d illustrate the parameters (such as required
membrane area, compressors power demand, and cost) as a function of
H, purity at a given Hy loss of 10% and the optimized pressures. When
the required Hy purity increases, the higher flow rate needs to be recy-
cled back to the 1st-stage membrane unit, which indicates that less
membrane area at the 2nd-stage is required to achieve the given target
for Hy purity. Besides, the higher flow rate of the mixed feed and recy-
cling streams at the 1st-stage unit means a larger production capacity,
which results in increased membrane areas (Fig. 8c) and higher power
demands for compressors (Fig. 8d). Thus, the required membrane area of
the two-stage membrane units shows an opposite trend, leading to a
minimum total membrane area and CRC at an Hj purity of 99.5 vol%, as
shown in Fig. 8c and d. However, when the H; purity requirement ex-
ceeds 99.5 vol%, the 1st-stage membrane area and power demand for
compressors increase dramatically due to a large recycling volume,
which brings to a much higher specific cost. For example, the specific
cost increases from 0.012 to 0.0158 $/Nm° when the H, purity
requirement was set from 99.5 to 99.8 vol%. This indicates that such a
carbon membrane system may still not be cost-effective for producing
very high purity hydrogen compared to other technologies, as reported
by other works [26,42]. To address this challenge, the development of
highly selective membrane materials together with high gas permeance
should be further pursued.

3.4. Sensitivity analysis of operating temperature

The great advantage of CMS membranes for Hy/CO separation is the
feasibility for the enhancement of separation performance (both in gas
permeance and Hy/COj selectivity) by elevating the operating temper-
ature, as illustrated in Fig. 3. Based on the Arrhenius plot of the exper-
imental data obtained at the feed and permeate pressure of 10 bar and 1
bar, the sensitivity analysis of the operating temperature at an expanded
range of 110-200 °C was investigated for producing high purity Hy. The
H, loss was controlled at 10%, while the Hy purity was varied from 99.5
to 99.95 vol%. As shown in Fig. 9a, the CRC and OPEX for relatively low
H, purity requirement (e.g., <99.7 vol%) are approximately the same
when operated at different temperatures, which indicates that the
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carbon membranes with an H,/CO; selectivity ~ 40 can easily produce
99.7 vol% Hj using a two-stage system without recycling. However,
when the separation target for Hy purity increases from 99.8 to 99.95 vol
%, the CRC and OPEX increase dramatically, indicating that a larger
membrane area and higher power demand for compressors are needed.
On the other hand, due to the enhanced H; permeance and Hy/CO5
selectivity at higher temperatures, the CRC and OPEX are reduced at a
given Hy purity by elevating temperature. Fig. 9c shows the specific cost
for producing high purity Hy up to 99.95 vol%, which also implies that
pursuing very high purity hydrogen will increase the specific cost
dramatically. However, it should be noted that the selling price for the
higher purity product also increases, which may partially offset the
increased production cost. Therefore, further optimization can be con-
ducted in a real industrial case in future work.

4. Conclusions

In summary, asymmetric carbon hollow fiber membranes were pre-
pared from biomaterial of cellulose and present remarkable Hy/COg2
mixed gas separation performances at high temperature and high pres-
sure and fully-humified conditions. Due to the weakened CO3 sorption at
high temperatures, the membranes showed enhanced Hy/CO> selectivity
at elevated operating temperatures, which is favorable for Hy purifica-
tion in the SMR + WGS process. The techno-economic feasibility anal-
ysis for the prepared membranes for hydrogen purification was
systematically investigated by HYSYS simulation integrated with an in-
house membrane model (ChemBrane). A two-stage membrane system
with 6000 kmol/h capacity, containing a recycling stream from the 2nd-
stage retentate to the 1st-stage feeding stream, was designed to produce
high purity hydrogen. It was found that the operating pressure could
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significantly affect the specific Hy purification cost because of a “trade-
off” between the driving force and gas permeance. For the developed
carbon membranes, the specific cost reached a minimum of 0.012
$/Nm> when the 1st-stage feed pressure, the 1st-stage permeate pres-
sure, and the 2nd-feed pressure were optimized at 16 bar, 3 bar, and 6
bar, respectively. However, the process simulation results demonstrate
that achieving very high H; purity is challenging for membrane systems
to be economically competitive. Due to the limitation of Hy/CO5 selec-
tivity, producing high purity product (e.g., >99.8 vol%) requires a high
H, recycling rate, which will dramatically increase both capital in-
vestments (large membrane area and more compressors) and OPEX
(high energy consumption). Elevating operating temperature could
significantly save the separation cost due to the simultaneously
enhanced H; permeance and Hy/CO; selectivity, and provide a possi-
bility to produce >99.95 vol% Hjy product. This also implies that the
development of highly selective membrane materials should be further
pursued to achieve a high-purity product at a lower cost.
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