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Abstract

After more than a century of oil and gas exploration, fewer and fewer easily accessible
reservoirs are available. In order to meet the increasing energy demands, the industry has
extended its exploration activities in greater depths and longer distances from the shore, while
also focusing its efforts on increasing the efficiency and reducing the environmental footprint
of existing and new processes. As a sub-project in the SUBPRO research center for subsea
production and processing, this work deals with process intensification for natural gas

treatment; the combined hydrogen sulfide removal and hydrate control for subsea application.

The backbone of this process is the identification of a solvent with this dual function. Aqueous
or non-aqueous blends of methyldiethanolamine (MDEA) and monoethylene glycol (MEG), as
well as highly concentrated aqueous MDEA are promising systems. Thus, the objective of this
thesis is to characterize these mixtures and gain knowledge of their physical properties and

thermodynamic behavior.

Density and viscosity studies showed that density decreases with temperature and with MDEA
concentration, while viscosity increases. It was found that considerably high viscosities are
encountered in the amine-glycol systems, reaching 200 mPa-s for the ternary system consisting
of 90 wt% MDEA — 5 wt% MEG — 5 wt% H20, and that the model developed in this work can

be used for the prediction of the viscosity limits of this process.

High-pressure vapor-liquid equilibrium (VLE) measurements of hydrogen sulfide in 50 wt%
aqueous MDEA, 70 wt% aqueous MDEA and 30 wt% MDEA — 40 wt% MEG — 30 wt% H2O
showed that the effect of total pressure up to 100 bar on the liquid loading of the solvent is
within or slightly higher than the experimental uncertainties and that changes in the HaS partial
pressure is attributed to the non-idealities of the vapor phase. Analyzing the acquired data and
literature information on MDEA-glycol systems, it was found that increasing MDEA
concentration under constant water content or lowering MEG content under constant amine
concentration, leads to higher absorption capacity, manifesting the need for careful choice of

MDEA-MEG-H:20 composition for this combined process. Further, low-pressure VLE data of

il



carbon dioxide in aqueous and non-aqueous MDEA-MEG blends in combination with Karl-
Fischer titration and Nuclear Magnetic Resonance analysis, revealed the reaction of CO2 with
MEG in the presence of MDEA and the formation of glycol carbonate in both aqueous and non-

aqueous amine-glycol systems.

In the end, an overall evaluation of the technical performance of the studied solvents was
conducted for the combined H2S removal and hydrate control for subsea application. It was
shown that, although further work is required to conclude the feasibility of this process, MDEA-
MEG systems offer the advantage of comprising compounds already employed subsea and

seem to possess the properties that were identified as the most important ones.
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Nomenclature

Latin letters

a, a parameter
A parameter
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c-a cation-anion
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D dielectric constant (-)

g molar Gibbs energy (J-mol™")
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Ix Tonic strength in mole fraction scale (mol-m™)
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ko> k3a, k3 p
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M, MW molecular weight (kg-kmol™)

n number of moles

Na Avogadro number (mol")

P p pressure (kPa, Pa)

pKap autoprotolysis (dissociation) constant

FBORN Born radius (m)
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amb
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calc
des
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absorption

ambient

autoprotolysis

apparent

aqueous MDEA

critical; combined

calculated value from the model
desorption

global, refers to global loading a4, (Mol HaS in the cell'mol”! MDEA)
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RA Rackett equation, as in compressibility factor Zg4 ; (-)
S solvent; saturation

tot total

W water

Superscripts
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1 liquid phase

Ic local composition

pdh Pitzer-Debye-Hiickel formulation

phys physical absorption
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Chapter 1

Introduction

1.1 Background

1.1.1 The subsea vision

After more than a century of oil and gas exploration, fewer and fewer easily accessible
reservoirs are available. In order to ensure that the future energy demands are met, the
petroleum industry is forced to search for resources in longer distances and depths offshore,
such as in the Arctic Ocean. In many cases, the harsh environment and safety-related issues do
not allow the use of a platform, thus subsea processing has naturally gained grounds

(Albuquerque et al., 2013; Qkland et al., 2013).

The installation, maintenance and retrieval of the subsea equipment play a significantly more
important role than for onshore/topside facilities. Therefore, key elements in subsea processes
are the increased efficiency and modularity and the reduced weight, size and complexity, i.e.
process intensification. Primary drivers for subsea production and processing are increased
recovery and lifetime of existing fields and reduced cost and complexity in future installations.
Innovative solutions developed under the “subsea umbrella” could also enable the production
of confirmed oil and gas deposits which today are left unexploited due to technical and/or

economic reasons (Qkland et al., 2013).

Different stakeholders, oil companies, suppliers and service companies, share the vision of an
ensemble of subsea-qualified and standardized equipment and processes which, in the short-
term, leads to elimination of topside/offshore processing and direct export to pipeline/onshore
and, in the long-term, direct export from the reservoir to the market (Ruud et al., 2015). The
subsea vision is illustrated in Figure 1.1 describing Statoil’s “Subsea Factory”. It comprises

bulk separation of oil-water-gas, treatment, storage and pumping of oil to export, treatment and



injection of produced water and treatment and compression of gas to export. The “Subsea
Factory” has been transformed to “Remotely Operated Factory” in Equinor, which comprises
of both topside and subsea technologies (Samuelsberg, 2017). Any monitoring and intervention
required is performed by ROVs (Remotely Operated Vehicles), since the operating depths and
temperatures are prohibitive for human activity. Various solutions exist already for use subsea
(single-phase or multi-phase pumps, bulk separators, dry and wet compressors), though
variations of the “factories” are expected depending on the maturity of the field (Okland et al.,
2013). The industry is working intensely in identifying the technology gaps to be closed for the

realization of reliable, efficient and sustainable subsea production and processing.

Figure 1.1. Statoil’s Subsea Factory ™ (Equinor, 2019)

1.1.2 SUBPRO

Many of the pieces of the subsea processing “puzzle” are in place, yet there is the need for new
and innovative solutions in order to maximize recovery and add potential on the fields under
development. In those efforts, the industrial and academic community joined forces in 2015
forming a center for research-based innovation within subsea production and processing, called
SUBPRO. The center is established in the Norwegian University of Science and Technology
(NTNU), which together with industrial players in the subsea field, aim to address challenges



for subsea applications (SUBPRO, 2019). The center is funded by the Research Council of
Norway and several major international oil companies and subsea system suppliers. Our
industrial partners as per January 2020 are Aker Solutions, DNV GL, Equinor, Kongsberg
Digital, Lundin Petroleum, Neptune Energy and Total.

SUBPRO activities are present in the departments of Chemical Engineering, Mechanical and
Industrial Engineering, Geoscience and Petroleum as well as the department of Engineering

Cybernetics in NTNU and they are divided in five research areas:

1. Field Architecture
Reliability, Availability, Maintenance and Safety
Separation - Fluid Characterization

Separation - Process Concepts

“w»ok wN

System Control

The work presented in this thesis belongs to the research area of Separations — Process Concepts
and deals with process intensification for natural gas treatment. It entails combining two well-
established processes in one, i.e. acid gas removal and water removal/hydrate control, to allow

for improved flow assurance and direct export of natural gas to pipeline or to the shore.

1.1.3 Motivation for combined hydrogen sulfide removal and hydrate

control

Both hydrogen sulfide (H2S) removal and dehydration/hydrate inhibition in natural gas
treatment are necessary processes for safe and reliable operations. The presence of hydrogen
sulfide in produced gas creates safety hazards for operations, most important of which is
corrosion, and results in an export gas of lower value. Water is commonly present in the gas
when produced from the reservoir, while water is also introduced to the gas via other gas
treating processes, such as HzS removal using aqueous solvents. Pipelines used for gas
transportation have quality restrictions related to the content of water, hydrogen sulfide, carbon
dioxide and heavy hydrocarbons in order to maintain integrity and ensure safety (Stewart and

Arnold, 2011). If these requirements cannot be met, oil wells may need to be closed.



Today, on a typical platform hydrogen sulfide is removed by triazine while triethylene glycol
(TEG) is used for gas dehydration. In addition, monoethylene glycol (MEQG) is injected in the
well flowlines for hydrate inhibition, giving in total three different chemical systems
(Campbell, 1998). Simplifying the chemical systems or moving equipment and process
elements subsea could be a way to ensure better energy efficiency and utilization of the

resources.

While a process for the simultaneous removal of acid gases and water vapor in one stage can
lead to higher efficiency and improved flow assurance, it also aims to provide a solution to a
significant industrial challenge; field souring. The term denotes the increasing concentration of
sulfur compounds observed in the course of production of a reservoir, mainly due to seawater
injection during enhanced oil/hydrocarbons recovery (EOR) activities. Triazine cannot treat
high H2S concentrations, while it has also been observed that mitigation strategies do not

perform as expected and the H2S content keeps increasing (Mitchell et al., 2010).

The core challenge for the combined hydrogen sulfide and hydrate control process is the
determination of a chemical compound, which will serve both as a hydrate inhibitor and as an
HaS removal agent. The characterization of the proposed solvent is the backbone of this process,
which should also be regenerative. Aqueous methyldiethanolamine (MDEA) and aqueous
monoethylene glycol are traditionally used today for the selective removal of Hz2S over CO2 and
for hydrate control, respectively. Therefore, mixtures of MDEA-MEG as well as highly
concentrated MDEA are promising candidates for such a process. Knowledge of the physical
properties, thermodynamic behavior and kinetics of the proposed system is necessary for the

successful process design, development and optimization.

1.2 Objective of the thesis

The main objective of this work was to determine the necessary thermodynamics and physical
properties to characterize aqueous and non-aqueous mixtures of methyldiethanolamine and
monoethylene glycol, as potential solvents to be used for the combined hydrogen sulfide and

hydrate control subsea.

Simulation work in the initial stage of this investigation revealed the necessity for more

experimental data in order to develop and study the feasibility of such a process. In this

4



direction, our efforts were focused in obtaining vapor-liquid equilibrium (VLE) experiments
with either hydrogen sulfide or carbon dioxide in MDEA-MEG solutions. Alongside the
MDEA-MEG system, one of the objectives of the thesis was to evaluate the H2S removal
capacity for highly concentrated aqueous MDEA, due to the affinity of MDEA for water. The
physical properties, density and viscosity of MDEA-MEG and MDEA-MEG-H20 systems

were investigated and possible limitations for subsea application were evaluated.

1.3 Outline of the thesis

The thesis is a collection of published or submitted papers.

Chapter 2 presents a literature review on hydrogen sulfide removal and water control

technologies as well as the state-of-the-art and gap analysis in offshore/subsea application.

Chapter 3 presents the study of the density and viscosity of MDEA-MEG and MDEA-MEG-
H>O systems.

Chapter 4 and Chapter 5 consist of the VLE studies performed with H2S and with COa,
respectively. In the former chapter, a section is dedicated on the experimental challenges

encountered at high-pressure VLE measurements.

In Chapter 6, a general evaluation of the proposed solvents’ technical performance is

conducted in the framework of a simplified guide for solvent development.
Chapter 7 is the concluding chapter with recommendations for future work.

The experimental apparatuses used in this work are presented through-out the thesis depending
on the study, however, a detailed description of all devices and techniques is given in the
Appendix to facilitate the reader with interest in the experimental methodology. References are
given in every chapter to allow for an easy access to the literature sources. For those chapters
which consist of published work with its own references, these are not repeated in the end of

the chapter.



II.

I1I.

1.4 Research Dissemination

As part of the doctoral studies, experimental work, modeling of the obtained data and
supervision of master students, connected to SUBPRO, were performed. Most of the results
have been published or will be published, either in conferences or in peer-reviewed journals. A

list of the dissemination results follows.

1.4.1 List of journal publications

Skylogianni, E., Wanderley, R.R., Austad, S.S., Knuutila, H.K., 2019. Density and Viscosity
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https://doi.org/10.1021/acs.jced.9b00607

The first author carried out the literature review, supervised the third author (summer
student), produced most of the experimental data and was the main responsible for writing

the article.

Skylogianni, E., Mundal, 1., Pinto, D.D.D., Coquelet, C., Knuutila, H.K., 2020. Hydrogen
sulfide solubility in 50 wt% and 70 w% aqueous methyldicthanolamine at temperatures from
283 to 393 K and total pressures from 500 to 10000 kPa. Fluid Phase Equilibria 511, 112498.
https://doi.org/10.1016/j.fluid.2020.112498

The first author carried out the literature review, produced, analyzed and fitted the data to

models and was the main responsible for writing the article.

Skylogianni, E., Perinu, C., Gameros, B.Y.C., Knuutila, H.K. Carbon Dioxide Solubility in
Methyldiethanolamine — Monoethylene Glycol — Water and Methyldiethanolamine —
Triethylene Glycol Mixtures. Accepted in the Journal of Chemical Thermodunamics.

The first author produced 60% of the VLE experimental data, supervised the third author
(master student), treated, analyzed and fitted the data to models and was the main

responsible for writing the manuscript.
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1. Skylogianni, E., Lilleng, M.I., Knuutila, H.K., Combined Hydrogen Sulfide Removal and
Hydrate Control for Subsea Application - Simulation Study. IEEE Techno-Ocean 2016,
October 6-8™", Kobe. (paper and poster)
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3. Skylogianni, E., Mundal, L., Pinto, D.D.D., Knuutila, H.K., Coquelet, Christophe, Vapor-
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High Solvent Concentrations and High Pressures. AIChE Annual Meeting 2017, October

29" Minneapolis. (oral presentation)
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Chapter 2

Technical Background

This chapter provides the technology status and literature review for the combined hydrogen

sulfide removal and hydrate control and identifies the challenges for its subsea application.

2.1 Technology status

2.1.1 Hydrogen sulfide removal

Hydrogen sulfide is a colorless, very toxic and flammable gas, which is extremely corrosive in
the presence of water. In the oil and gas industry, hydrogen sulfide is found as a compound of
crude oil, natural gas or dissolved in water. The concentration of hydrogen sulfide in non-
associated gas varies typically from a few ppm to 500 ppm, while in associated gas H2S can be
found into the percent levels (Schulz, 2013). Natural gas containing hydrogen sulfide and other
sulfur compounds is called “sour” and a typical transport specification of natural gas is 4 ppm

allowable H2S content (Stewart and Arnold, 2011).

Thermal decomposition of organic materials and sulfate reducing bacteria (SRB) activity result
in hydrogen sulfide formation (Amosa et al., 2010). Although the mechanisms are not yet fully
understood, there is consensus in the industry that water injection during secondary recovery
leads to reservoir souring, i.e. the increasing H2S concentration in the course of production of
a reservoir (Mitchell et al., 2017). It is evident that good HSE practices impose that the removal

of hydrogen sulfide takes place in an as early stage as possible.



2.1.1.1 Technologies

The chemical substances used to remove hydrogen sulfide from natural gas are called
scavengers. H2S scavengers can be categorized based on their state of matter, solid or liquid,
their ability to be regenerated and reused or the technology they are using, i.e. absorption,
adsorption, biotechnology, membranes or cryogenic distillation. Table 2.1 shows an overview
of the different technologies available today for the removal of H2S in natural gas processing
(Amosa et al., 2010; GATEkeeper, 2014; Shah et al., 2017; Stewart and Arnold, 2011). The
main advantages and disadvantages are presented from a viewpoint of subsea/offshore
suitability. For example, the fact that in many processes elemental sulfur is formed and
precipitates is listed under the disadvantages, since formation of solids can jeopardize safe and

trouble-free operations subsea.

Solid scavengers are very effective in removing hydrogen sulfide by adsorption down to trace
levels and this is the reason why molecular sieves are used in liquified natural gas (LNG)
treatment plants where there is a 2 ppm requirement (Stewart and Arnold, 2011). Capital
expenditure (CAPEX) is significant, but the operating costs are lower than with liquid
scavengers in addition to their predictability in their removal rates and change of media. The
latter is time- and labor-intensive, which is an important drawback of solid scavengers. Liquid
scavengers’ main advantage over solid ones is the requirements for smaller space and weight.
Liquid scavengers accommodate higher operating costs, but their use offers more flexibility in
terms of retrofitting an existing facility and adapting to flow and composition changes. On the
contrary, the use of biological scavengers is mainly limited due to the sensitivity of the system
and limited operating conditions they have. Moreover, H2S selective removal by membranes is
researched today because of their great space and weight advantages. For treating high HaS-
concentration reservoirs, cryogenic distillation has been proposed in combination with amine

unit for complete gas sweetening (Axens Solutions, 2017).

It is apparent that today an engineer has a great range of different gas sweetening processes to
choose from. The selection is based on a variety of factors such as H2S concentration, amount
of gas to be treated, operating conditions (pressure and temperature), residence time,

operational expenditure (OPEX) and CAPEX considerations and space and weight limitations;
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the latter being probably the most significant consideration for subsea applications. Today,
liquid solvents dominate in the oil and gas industry offshore; triazines for direct injection
topside or amines in the form of amine towers topside, when there is also the need for carbon
dioxide removal. Triazine H2S scavengers are able to remove only small amounts of H2S and
require attention in their application to avoid precipitation of overspent chemical (Schulz,
2013). Absorption by aqueous amines is the most mature technology of all. Amine solutions
are regenerative, therefore, suitable for treating gas with high hydrogen sulfide concentrations
and provide potential for production from reservoirs that are today closed. Compared to other
regenerative processes, they are advantageous since they neither include solid elements with
their corresponding high weight and need for adsorption media change nor precipitates are
formed, as in the case of redox processes. Moreover, by selecting the proper amine, selective

removal of HaS can be achieved.
2.1.1.2 Amine-based process

Chemical absorption with amine-based solvents is the most mature process for carbon dioxide
and hydrogen sulfide removal (Stewart and Arnold, 2011). In this process, the acid gases
chemically react with the amine-based absorbent to form acid/base salts in an exothermic
reversible reaction. Then, the absorbent can be regenerated by means of heat, where the

reactions are reversed and the captured acid gas is desorbed.

Amines are organic compounds derived from ammonia, NH3, with substitution of one or all of
the hydrogens with alkyl or aryl groups. Depending on whether one, two or all three hydrogens
are replaced, they are categorized in primary, secondary and tertiary amines, respectively.
Factors like the CO2/H2S concentration, pressure, temperature and purity requirement, decide
the choice of the amine. Monoethanolamine (MEA), diethanolamine (DEA), methyl-
diethanolamine (MDEA), diglycolamine (DGA) and diisopropanolamine (DIPA) are of
principal commercial interest for gas purification. Different amines and concentration of the

solutions lead to different acid gas loadings, selectivity and degradation of the amine.

For the simultaneous removal of CO2 and HzS, primary and secondary amines can be used. In
case selective hydrogen sulfide removal is required, tertiary amines, such as MDEA, are
preferred. The reason is that the rate of reaction of HaS is much higher than the rate of reaction

with COz2 in aqueous tertiary amines. Tertiary amines react with hydrogen sulfide through a
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proton transfer reaction, a typical acid-base reaction, thus the reaction is instantaneous. On the
contrary, carbon dioxide is practically removed by its reaction with the water of the solution
and this reaction is slow. More information about the chemistry of the system are provided later

in section 2.3.

A typical flow diagram for amine-based gas sweetening is shown in Figure 2.1. It is a typical
MEA-based gas sweetening process, however, there are no significant variations when other
amines are used. The main parts of the process are the absorber/contactor and the desorber/still.
The gas to be treated enters in the bottom of a contactor tower and flows counter-current with
an amine solution. Typically, the sweetened gas leaves the top of the absorber towards a
dehydration unit before being considered ready for sale. The amine solution, lean in acid gas,
enters the absorber from the top and moving downwards, it removes the acid compounds of the
gas. Having stripped the gas from HaS and COz, the now rich in acid gas, amine solution leaves
the absorber from the bottom towards the still or stripper. Before entering it, it passes through

an amine-amine heat exchanger, where it is pre-heated by the hot regenerated lean amine.
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Figure 2.1. Process flow for typical ethanolamine sweetening unit (Campbell, 1998a)

Inside the still, the absorbent is regenerated. The rich solution flows downward through the
column while steam and vapor from the reboiler enters from the bottom. The reboiler vapor
strips the acid gases from the rich solution as, by adding heat, the reaction is reversed and CO2
and HaS are released from the amine. The acid gases and the steam leave the top of the stripper

and pass overhead through a condenser, where most of the steam and any remaining amine are
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cooled and condensed. The acid gases are sent for further processing while the water-amine
solution is returned to the top of the stripper as reflux. Lean amine solution from the bottom of
the stripper column is pumped through the amine-amine heat exchanger and then through a
water or air-cooled exchanger before entering the top of the absorber. The process necessitates
the use of a water or air-cooled exchanger because the amine-amine heat exchanger is not
adequate to sufficiently cool the lean amine down to the required temperature. This is because
the rich amine solution used in the heat exchanger comes out of the absorber at elevated
temperature due to the heat of reaction released when acid gases react with amines. Hydrogen
sulfide cannot be released in the atmosphere and typically it is processed in a Claus unit for the

production of elemental sulfur.

Main disadvantage of the amine-based processes is the high energy requirement for the
regeneration of the solvent, which constitutes the largest source of OPEX. These high energy
needs come mainly from the heating duties in the reboiler which should suffice to provide the
heat to rise the temperature of the solvent to the reboiler temperature (sensible heat), the heat
to produce stripping steam (latent heat) and the heat to reverse the exothermic reaction between
acid gases and the amine solutions in the absorber (heat of absorption). Researchers aim to
minimize the heating duties via selection/development of solvents with low regeneration
requirements and configuration optimization or both (Liang et al., 2016). Variations in
configuration include, but are not limited to, addition of intercooling, interheating and split-

stream flow modifications (Ahn et al., 2013).

After screening over fifty different amines, Frazier and Kohl proposed already in 1950 the use
of aqueous MDEA for the selective removal of hydrogen sulfide over carbon dioxide (Frazier
and Kohl, 1950). Since then, aqueous MDEA is an established solvent for HaS selective
removal and a 50 wt% MDEA solution is considered benchmark in natural gas treatment. The
reasons are multiple; ability to meet the 4 ppm specification requirement for pipeline gas, low
heat of absorption thus low energy requirements, resistance to degradation, high availability
and low cost (Kohl and Nielsen, 1997a). MDEA is also not corrosive and, in fact, it is used as
a pH stabilizer in the pipeline (Davoudi et al., 2014). Last but not least, as a polar compound,
it has affinity for water rendering highly concentrated MDEA solutions a good candidate for
acting both as an HaS removal and a dehydrating agent. For all these reasons, we have chosen
MDEA in the amine-glycol solvent for the combined hydrogen sulfide removal and hydrate

control.
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2.1.2 Gas dehydration and hydrate inhibition

Natural gas is often produced from the reservoir saturated with water. In addition, water is
added to the gas during the gas sweetening process, which commonly employs aqueous
solutions of amines or triazines (GPSA, 2014). Dehydration is the process of removing water
to very low content, usually in order to meet sales requirements for water dew point. Presence
of water in the producing gas assists corrosion and can lead to hydrate formation and
condensation of free water in processing and transportation facilities. Hydrates are physical
combinations of water and other small molecules, such as methane, to produce solids with an
“ice-like” appearance. In extreme cases of hydrate formation, accumulation of hydrates can
result in clogging valves, fittings and even pipelines. Hydrate inhibition is the process where a
chemical, able to control the hydrate formation and its rate, is injected in the pipeline to ensure
hydrate-free gas transportation (Campbell, 1998b; Kohl and Nielsen, 1997b). The specification
for water dew point is -18 °C at 69 bar (Christensen, 2011).

2.1.2.1 Gas dehydration

According to Campbell (Campbell, 1998b), absorption-, adsorption-, condensation- and
membrane-based methods can be used for natural gas dehydration. The most common method
for meeting pipeline and sales specification is absorption with triethylene glycol (TEG)
solutions, while for deep dehydration (0.1 ppm water in gas) in LNG plants, it is adsorption
with molecular sieves. Condensation is used together with the injection of a hydrate inhibitor
to eliminate hydrate formation risks. Membranes utilize the difference in permeability of
different compounds to separate them from a gas stream and today researchers are working

towards improved selectivity for water and reduced methane loss.

Absorption of water in glycols is an established dehydration process and mostly used in the
industry, since already the 1930s. Its success emerges from the fact that the glycols are very
hydrophilic, can be easily regenerated, have low cost, are neither corrosive nor volatile, are
unreactive and insoluble in hydrocarbons. TEG is preferred over other glycols because it is
easier to regenerate and presents lower solvent losses. Highly concentrated TEG solutions are
used to physically absorb the water from the gas in a similar configuration as in acid gas removal
with amines, with a contactor and a stripping still playing the central role. A typical glycol

dehydration unit is shown in Figure 2.2.

15



DRY GAS

FLASH GAS /‘?. WATER VAPOR
STILL

. LEAN Z
" GLYCOL
— " A
<
| -
g
[ 3
GLycoL ARAAARAAARL
CONTACTOR —
- | CE—
REBOILER
—
[ —
R RUM J
~ C SURGE DI
/ l\ RICH >
GLYCOL
xxxxxxxx
WET _| INLET
GAS SCRUBBER
» FREE
L™ uaup

Figure 2.2. Process flow for typical glycol dehydration unit (GPSA, 2014)

Wet gas enters at the bottom of the contactor (absorber) and as it flows upwards, counter-current
with the glycol solution, water vapor is stripped by the lean, regenerated, glycol. Water-rich
glycol is removed from the bottom of the contactor, passes through the reflux condenser coil at
the top of the regenerator and then enters the flash tank where most of the soluble gas are flashed
off. After that, it flows through the rich-lean glycol heat exchanger to the regenerator. In the
regenerator, the absorbed water is released from the glycol at near atmospheric pressure by
application of heat. The regenerated lean glycol exits the surge drum, gets cooled in the lean-
rich glycol exchanger first, and in the glycol cooler afterwards before it is introduced in the top

of the absorber.
2.1.2.2 Hydrate inhibition

During the transportation of natural gas, it is not necessary to remove all the water vapor but
rather control its content in order to avoid hydrates or condensation at the specific temperature
and pressure conditions in the pipeline. Hydrate inhibitors serve this purpose and can be divided
into equilibrium inhibitors and low dosage inhibitors. The first, which are commonly
monoethylene glycol or methanol, lower the freezing point of water, while the second
decelerate hydrate growth or restrict the size of the formed hydrates. Equilibrium inhibitors,

MEG and methanol, are most commonly used, with MEG being preferred for continuous
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operations, mainly due to its lower cost, lower viscosity, and lower solubility in liquid

hydrocarbons (GPSA, 2014).

A widely applied technique offshore for flow assurance is the direct injection of aqueous MEG
into the multiphase flow or gas phase flow pipeline. Typically, MEG is injected continuously
in the wellhead to eliminate the risk of hydrates in the production line. A scrubber might be
used to collect the glycol from the gas stream, which is then, with the aid of a pump or utilizing
its high pressure, is sent to a stripper for regeneration and re-injection. Often, high concentration

of salts in the chemical demand glycol reclamation.

To take this further, managing the dehydration of the gas with MEG offshore/subsea would
have the major benefit of using the same chemical for two purposes, hydrate inhibition and
dehydration. One less chemical means reduced processing equipment, storage vessels, need for
one flow line instead of two, thus, simpler umbilical system. Other advantages are lower
viscosity, BTEX solubility in MEG than TEG (Ebeling et al., 1998), toxicity and flammability.
The main drawback, compared to TEG is the lower decomposition temperature, i.e. 165 °C for

MEG and 206 °C for TEG (Campbell, 1998b), and, therefore, lower regeneration glycol purity.

2.1.3 Combined hydrogen sulfide removal and hydrate control

The concept of the combined hydrogen sulfide and water removal exists since 1939, when A.
J. L. Hutchinson patented a gas treating process for the “simultaneous removal of moisture and
acid gases from natural gas” to meet pipeline specifications (Hutchinson, 1939). In this process,
acid gases and water vapor are removed by means of absorption into a liquid solvent. The
configuration of the process is similar to the typical amine-based gas sweetening process; the
solvent and the gas flow counter-current in a contactor tower, the sweet gas exits from the top
and the rich solvent leaves the contactor from the bottom and continues for regeneration (Figure
2.3). The solvent is regenerated by supplying heat and directed to the top of the contactor for
reuse. The liquid solvent is a glycol-amine aqueous solution, whose concentration depends on
the composition of the sour wet gas but has always glycol in excess of the amine. Hutchinson
claims that a mixture of a glycol, an amine and water will remove acid gases to a high degree

of separation and the water vapor down to the saturation or dew point. Suggested concentration
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ranges for the compounds are 2-20 vol% amine, 50-90 vol% glycol and 2-30 vol% water, and

example constituents are triethanolamine and diethylene glycol.

-2

Figure 2.3. Process diagram for Hutchinson’s patented gas treatment process (Hutchinson, 1939)

The advantages of the proposed process are multiple: the boiling point of an amine-glycol
solution is higher than aqueous amine allowing for more complete regeneration of the amine,
the vapor pressure is lower, the glycol is more stable and, thus, resistant to degradation in the
presence of the amine, the mixture has lower viscosity than the glycol alone, implying more
intimate contact between the gas and the liquid, higher rates of heat exchange and foaming
reduction. During tests in a gas plant, Hutchinson found that the presence of the alcohol-part of
the glycol makes possible the separation of the absorbed acid gas with very slight boiling of the
solution, and that the H2S and CO: were removed from the amine to a far greater extent,
compared to water-amine mixtures. Moreover, the presence of the amine improves the capacity
of the glycol for dehydration, even when the addition of the amine is accompanied by an
increase in the water content of the solvent. Last, the temperature required to regenerate the

solutions was significantly reduced.

After Hutchinson, different configurations have been proposed for combined hydrogen sulfide

removal and hydrate control. First, McCartney proposed that the sour wet gas is contacted in
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the same absorption tower first with an acid gas removing solvent and then with a water
removing solvent (glycol), each one of the solvents having their own separate desorber. The
acid gas and the water vapor removed in the glycol stripper are directed to the amine stripper
for recovery in order to recover possible amine carry-over in the glycol cycle. With these
modifications, McCartney addressed the problem of large circulation rates encountered with

Hutchinson’s process due to the significantly lower amine amount (McCartney, 1948).

Soon after McCartney’s patent, another patent was published regarding the simultaneous
removal of H2S and water (Chapin, 1950). This was an improvement of the process proposed
by McCartney. According to Chapin, McCartney’s process could result in vaporization and
carry-over of glycols from the glycol regeneration cycle into the amine’s regeneration cycle,
leading eventually to depletion of the glycol solution. As a solution to this problem, Chapin
suggested the replacement of the first treating amine-based absorbent with an amine-glycol
absorbent. The second treating solution remains of the same type: a mixture of glycol and water
for water removal. A side-stream of the lean amine-glycol solution is added to the rich glycol

solution to compensate for the glycol carry-over from the glycol stripper.

In 1951, another patent from McCartney was accepted based on his first patent, tackling the
problem identified by Chapin (McCartney, 1951). He suggested the use of the same type of
solutions for the acid gas and water removal as Chapin; first an amine-glycol solution and then
a glycol solution. However, instead of introducing part of the lean amine-glycol solution to the
glycol solution, he proposed returning the condensate from the amine-glycol regeneration cycle

to the glycol regeneration cycle for use as a reflux assuring condensation of all glycol vapors.

The amine-glycol process, utilizing a solvent comprising monoethanolamine (MEA) and either
diethylene or triethylene glycol, was popular in the past for the simultaneous acid gas removal
and dehydration of natural gases. The water content had to be kept at or below 5% in these
processes in order to be effective as a dehydrating agent. This implies that relatively high
temperatures were required in the reboiler resulting to severe corrosion in the heat exchangers,
the stripping column, and, under certain operating conditions, the reboiler (Kohl and Nielsen,
1997a). The corrosion problem was due to the materials that were used back then and it was
one of the main reasons the use of amine-glycol mixtures for the combined desulfurization and
dehydration was abandoned. Another reason was the high amine vaporization losses, a known

problem when using MEA solutions.
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Several researchers have investigated mixed amine-glycol systems in terms of thermodynamic
behavior (VLE), kinetics and physical properties (density, viscosity, surface tension, diffusivity
and physical solubility). An overview is presented in Table 2.2. These scientific works are
sorted in chronological order to enhance a discussion about the research interest in amine-glycol
solutions in the course of time. Mixtures of the most common amines, monoethanolamine
(MEA), diethanolamine (DEA), triethanolamine (TEA), methyldiethanolamine (MDEA),
amino-methyl propanol (AMP), diisopropanolamine (DIPA) and the glycols, monoethylene
glycol (MEG), diethylene glycol (DEG), triethylene glycol (TEG), tetraethylene glycol
(TREG), polyethylene glycol (PEG), studied for CO2 and/or H2S removal have been included.

Already since the 1980s there is documented interest in amine-glycol systems, aqueous and
non-aqueous. The scope of these works can be divided into four primary areas; determination
of interfacial areas and mass transfer coefficients in gas-liquid contactors (Alvarez-Fuster et al.,
1981; Sridharan and Sharma, 1976), combined acid gas removal and dehydration (Eimer, 1994;
Jelstad, 1997; Poblete, 1997; Shoukat et al., 2019; Ternqvist, 1991), selective HaS removal over
CO2 (Xu et al., 2002a, 2002b) and CO2 removal from gas streams (most of remaining literature

sources in Table 2.2).

The majority of the studies within COz-capture is performed in the framework of water-lean
solvents, as an alternative for post-combustion CO2 removal from flue gases, with the number
of publications in the last 10 years being almost the same as the number of all studies during
the previous decades. The focus on water-lean solvents stems from their potential advantages
in terms of absorption capacity and regeneration heating duties. It is claimed that by substituting
some of the aqueous part with another compound (here by glycol), which has higher acid gas
physical solubility than water, can lead to higher solvent capacity, at high CO: partial pressures
(Rivas and Prausnitz, 1979). As far as the regeneration heating duties are concerned, it is
suggested that the energy requirements would decrease due to the lower heat of vaporization of
water-lean solvents (Leites, 1998; Tan et al., 2011). Based on Raynal et al., the energy
requirements only for solvent regeneration in a typical COz-capture process from flue gas,
constitute more than 80% of the OPEX (Raynal et al., 2011). Therefore, it is not surprising that

increasing focus has been given in this direction.
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Few authors report different motivation for their work. Tsierkezos and Molinou measured the
density and viscosity of the binary mixture MEA-MEG in the framework of their continuous work
in understanding the properties of MEG-containing blends (Tsierkezos and Molinou, 1999). Davis
and co-workers studied the physical properties and kinetics of amine-PEG400 system and actually
discussed the carbon dioxide removal by the glycol, being enhanced by adding amines, and not
vice-versa (Davis et al., 1993; Davis and Sandall, 1993). Yu et al. investigated the removal of CO2
in a rotating packed bed reactor by employment of a piperazine-DEG solvent (Yu et al., 2013).
The main motivation in utilizing DEG instead of water was to avoid the precipitation which can

occur in aqueous piperazine.

All the literature sources relevant to combined acid gas removal and dehydration are conducted
in Norway in the 1990s, with the exception of the work of AlHarooni et al. and Braun et al.,
who also mentioned this dual function along with increased absorption capacity (AlHarooni et
al., 2016; Braun et al., 2001). The measurements were mainly performed with aqueous and non-
aqueous MDEA-TEG and MDEA-MEG systems. Regarding MDEA-TEG systems, Tarnqvist
concluded that MDEA does not react with COz2 in non-aqueous MDEA-TEG systems, while
Eimer observed a reaction between CO2 and MDEA in “almost water-free” TEG and suggested
further investigation (Eimer, 1994; Tornqvist, 1991). Eimer and Pedersen found that, in the
absence of water, the absorption of H2S in the combined solvent decreases with increasing
glycol content (Eimer, 1994). Therefore, replacing TEG with MEG which is less viscous can

be beneficial for reaction kinetics.

Regarding MDEA-MEG, the work was performed in the framework of two master theses
(Jelstad, 1997; Poblete, 1997) and showed that H2S absorption capacity increases with amine
and with water content, though the effect in the latter is small at the studied conditions.
Moreover, measurements in the presence of both acid gases, showed that the presence of carbon
dioxide leads to reduced H2S absorption capacity of the solvent, and this behavior is not affected
by the water content in the system. However, the authors mention some disagreements with the
literature and the repeatability of the measurements was not evaluated. Xu et al. investigated
the selective H2S removal in the presence of high CO2 concentration in non-aqueous MDEA-
MEG, after screening several other physical solvents (Xu et al., 2002b). Solubility of H2S was
found to be slightly lower in MDEA-MEG than MDEA-H:0, while CO2 solubility was greatly
decreased. Their results indicate that MDEA-MEG systems are indeed suitable for the selective

removal of hydrogen sulfide.
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From the above, it is understood that aqueous or non-aqueous blends of MDEA and MEG are
promising solvents for the combined H2S removal and hydrate control. The fact that aqueous
MDEA and aqueous MEG are proven regenerative solutions for H2S removal and H20 removal,
respectively, is the basis for this selection. In the process of simultaneous H2S removal and
hydrate control, the solvent will be injected in the pipeline which will now act as the absorber
and will reach Hz2S and H20 content transportation specifications inline. Then the solvent should
be separated from the gas stream, for example by using a scrubber or a deliquidizer, directed to
a topside facility for regeneration and re-injection. By operating at high pressures and by
eliminating the need of a topside absorber entails large potential for space, weight and energy
savings. Since this solvent is regenerative, it can also allow production of sour reservoirs that
today are closed due to material integrity risks and/or reduced capacity topside. In addition,
MDEA-MEQG systems are expected to be more effective for H2S removal in terms of selectivity

and energy requirements in regeneration.

2.1.4 Industrial status

The onshore or topside technologies used today in the oil and gas operations cannot be directly
implemented subsea for various reasons; operations take place at much higher pressures, all
components are surrounded by water which poses challenges especially for electrical
equipment, the external pressure is higher at high depths, the number and the frequency of
maintenance operations must be minimum and more. Over the past few years, many topside
technologies have been qualified and reached high Technology Readiness Level (TRL) for

subsea application.

One can categorize the subsea developments into those related to oil-water-gas separation, those
related to water treatment and those related to oil and gas processing following the separation.
Regarding separation, the challenge is the liquid-liquid separation of oil and water and different
solutions are available. There are several developed fields with subsea separators in operation.
For example, a three-phase gravity separator was installed in Troll field already in 2001
(Rasmussen, 2002), a caisson separator is used in Perdido field (Littell et al., 2011) for gas-
liquid separation and a compact pipe separator, called PipeSeparator (Sagatun et al., 2008) has
been patented by Hydro and installed in the Marlim field (Orlowski et al., 2012) for three-phase

separation.
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In the latter, the separated water was treated with hydrocyclones and injected in the production
reservoir. Hydrocyclones and water injection pumps are qualified technologies for subsea.
Offshore water treatment often includes gas flotation units to meet stringent oil-in-water (OiW)
quality requirements, both for re-injection in producing or disposal reservoir as well as for
discharge in the sea (30 ppm OiW according to OSPAR convention for the protection of the
marine environment in the north-east Atlantic (OSPAR Commission, 2010)). Compact
Flotation Units (CFU) technology, specifically designed for subsea application, has been
demonstrated and reached TRL 4 in 2019 (Zhao, 2019) while the “Seabox” subsea water
treatment TRL 6 technology for water disinfection (“Seabox Subsea Water Treatment

Technology,” 2004) is currently being tested at the Ekofisk field (Dirdal, 2019).

Besides separation, subsea multi-phase boosting is a key enabler for the development of remote
fields. Both single-phase and multi-phase pumps are available and operated subsea (Forster et
al.,2016). Single-phase pumps are commonly used subsea for well streams as well as umbilicals
and service fluids. Multi-phase boosting also takes place in several fields, such as in the first to

be installed Topacio field (Falcimaigne and Decarre, 2008) and the CLOV field (Total, 2014).

Regarding gas processing, subsea compression has recently been applied successfully: dry
compression in Asgard field (Time and Torpe, 2016) and wet compression in Gulfaks field
(Vintersto et al., 2016). Further, fiscal metering, which is the precise measurement of various
properties of the effluent when ownership changes, is planned to be qualified for subsea

application this year for gas and the coming years for oil (Faanes, 2020).

However, subsea gas conditioning, including gas sweetening, water dew point control (gas
dehydration) and hydrocarbon dew point, is still at its infancy. Main reasons are the complexity
of the processes and their utility requirements. In order to meet the specification for CO2, amine-
based absorption units are operated topside. For example, in Asgard B field, both CO2 and H2S
specifications are met by employment of the amine-based solvent FLEXSORB SE (““Arsrapport
2005 Utslipp fra Asgardfeltet,” 2005). Many research groups look into membranes for CO2
separation (Ahmadi et al., 2018) while Aker Solutions is working towards the qualification of
membrane technology for the bulk removal of carbon dioxide from natural gas at the seabed
and the evaluation of its combination with CO2 re-injection in the reservoir for EOR purposes
(Si Huai Yeaw, 2019). In the Norwegian Continental Shelf (NCS), the reservoirs are
characterized by low carbon dioxide content which often does not require its removal to meet

transportation specifications. In these cases, amine-processes are not necessary and the
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corrosive effect of HaS is handled through material selection and H2S scavenging. Typically,
triazine-based H2S scavengers are employed for gas sweetening, either topside or post-

separation (Lioliou et al., 2017).

The water content is controlled nowadays subsea in terms of hydrate inhibition. Methanol or,
most commonly in the NCS, monoethylene glycol are employed for hydrate control subsea,
though pipeline heating has been also considered. For instance, electrically heated pipe-in-pipe
technology is used today in Fenja field development (Gyllenhammar et al., 2015; Neptune
Energy, 2020). Nevertheless, on-spec water dew point is achieved by gas dehydration, which
today takes place either topside or onshore. Gas dehydration with highly concentrated aqueous
TEG solution is a very mature and efficient technology widely applied for natural gas
dehydration, while dehydration with MEG is investigated by Equinor through Gas-2-Pipe™
concept (Fredheim et al., 2016). Supersonic separation technology is also used today topside
for dehydration (Ruud et al., 2015). Technologies with potential for subsea application and
unmanned platforms for which research is conducted are both supersonic separation (Brouwer
and Epsom, 2003) and membrane technology (Dalane et al., 2019). In DEPTH project, launched
by Total and Aker Solutions, these two technologies together with adsorption were considered;
the latter mainly due to long lifetime, the elimination of liquid solvent and the extensive

knowledge already obtained from LNG plants (Gyllenhammar et al., 2015).

It is important to note that for both subsea and topside, co-current contactors with inline static
mixers have been demonstrated to perform better than traditional counter-current towers (Baker
and Rogers, 1989; Pyles and Rader, 1989). This type of separators is efficient, compact and
lighter than traditional gas-liquid contactors and, thus, they have a lower cost. Commercial gas
treating technologies based on inline separation are available for gas dehydration and acid gas

T™ and ProDry™ can be used to meet water dew point specifications employing

removal. cMIS
TEG (Dekeyzer et al., 2012; Ramkumar et al., 2017), with the latter having recently been
installed topside in Troll B in the NCS (ProSep, 2017). Because of the enhanced mass transfer
and shorter contact time, both concepts have been demonstrated to improve the selectivity of
HaS over CO:z using aqueous MDEA (Linga and Kalgraff, 2008; Ramkumar, et al., 2019).
Moreover, BP Norway and Maersk Oil use ProScav, a natural gas treatment system for efficient

injection and mixing of H2S scavengers, offshore (RIGZONE, 2009).

Finally, it is generally accepted that in many cases the topside factor will remain and “remotely

operated factories” are taking over the “subsea factories” concept. Typical examples are gas
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treating processes employing regenerative solvents. Regeneration of acid gas removing solvents
takes place at high temperatures which is not energy efficient to be done at the low seabed
temperatures. New developments and concepts for unmanned platforms, ex. “Subsea on a stick”
(“UWP/Subsea on a Stick®,” n.d.), could support such operations as more cost-effective
solutions. In fact, Eriksen and co-workers from FMC Kongsberg Subsea AS patented in 2015
the removal of carbon dioxide from a crude hydrocarbon gas stream by an amine-based
absorbent subsea and its regeneration topside, followed by water vapor removal by a glycol-
based absorbent subsea and its regeneration topside, where hot high-pressure gas is added to
the absorbents to serve as a gas lift to transport the solvent from a subsea treatment unit to

topside regenerator (Eriksen et al., 2015).

As one can understand from the above, when it comes to gas conditioning, research is conducted
in various technologies and different strategies for flow assurance. Although one universal
solution is always desirable, different technologies may be proven more efficient and
economical in different fields; therefore, it is important to identify specific needs for individual
cases. For example, membrane technology is promising in various applications where bulk
removal is desired and when the partial pressure of the permeate is high. This means that for
example, it could be used in the pre-treatment of gas streams with exceptionally high HaS
concentration, like fields in Indonesia with 20% HzS, but not in fields which experience field

souring and small concentration of hydrogen sulfide are gradually appearing.

The combined removal and hydrate control with one liquid solvent consisting of MDEA-
MEG(-H20) is only conceptualized and together with the results of this work aims to reach
TRL 1. The challenges in the development and application of a process for the simultaneous

removal of H2S and control in the water content subsea are identified in the next section.

2.2 Gap Analysis

A base case is required in order to identify with some degree of precision the needs and
challenges of a process, both in a scientific level and an industrial one. In this work, we consider
the idealized case of a stream with low CO2 content whose only treatment requirements are for

meeting HaS and water content specifications for safe transportation in the pipeline.
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2.2.1 Scientific challenges

The scientific challenges for the development of a process for the simultaneous hydrogen
sulfide removal and hydrate control are numerous given that this is a new process. They concern

both the characterization of a suitable solvent and the overall configuration of the process.

Regarding solvent development, the optimum MDEA-MEG-water concentration of the solvent
must be found to provide adequate desulfurization and dehydration. For this to be decided, a
full characterization of the solvent is required. According to the literature review presented in
section 2.1.3, few data are available for understanding the thermodynamic and kinetic behavior
of the proposed system. Thus, the need for more and with high precision data arises. In addition,
there are not any information about either the dehydrating capacity or the physical properties
of MDEA-MEG solvents, i.e. density, viscosity, surface tension. Degradation and corrosion
studies are limited and have been only performed in the presence of carbon dioxide, and not
hydrogen sulfide. The above should be evaluated in the presence of high pressure and at
temperatures relevant to the absorption subsea and the regeneration topside. After obtaining all
these information, a suitable composition can be chosen for optimizing the selectivity of the

solvent for H»S.

In the matter of process configuration, primary scientific challenge is the regeneration scheme
of MDEA-MEG solvent, mainly due to possible solvent degradation at regeneration
temperatures. Aqueous MDEA is regenerated at 130 °C and aqueous MEG at 165 °C because
they start decomposing at higher temperatures. Bearing in mind that it is the lowest degradation
temperature of the two that will dictate the regeneration thermal conditions, i.e. 130 °C,
stripping of MEG might be insufficient and schemes utilizing vacuum, stripping gas, or other
should be evaluated. Degradation and corrosion issues both in the pipeline and the stripper

should also be studied.

2.2.2 Industrial needs and challenges

As mentioned earlier in section 2.1.3, currently there is no application of a subsea process for
the combined H2S removal and hydrate control. Compact and efficient systems could enable
subsea operations in remote areas, in great distances from the shore and great depths (@kland

et al., 2013). According to the technology developments, however, the concept of subsea
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treatment and topside regeneration is already patented and is considered technically feasible.
Inline gas-liquid contactors, subsea compressors and fiscal metering are available technologies.
For industrial application, the process needs to be adjustable to various operating conditions as
the reservoir properties are subject to significant variations over its lifetime. Another aspect of
increasing significance is the utilization and transportation of umbilical chemicals, which
respect the international and national environmental regulations, such as ecotoxicity and

biodegradability.

The ultimate challenge for the industry is certainly to prove the technical alongside the
economic feasibility of the process. Elimination of topside reactors as well as operation at high
pressures, both in absorption and desorption, aim to the reduction of the total costs, through

both lower CAPEX and OPEX.

2.3 Chemistry

In this section, the chemical reactions undergone in the systems studied in this work are
presented. They include the reactions between hydrogen sulfide and carbon dioxide with

MDEA-MEG solvents.

Alkanolamines carry one amino group (one basic nitrogen atom, N) and at least one hydroxyl
group, -OH. The alkalinity of the amines comes from the amino group, while the solubility in
aqueous solutions is thanks to the hydroxyl group (Kohl and Nielsen, 1997a). The alkaline

environment the amines form is the reason why they are good absorbents of acid gases.

In the following reactions, MDEA (methyldiethanolamine, CH3N(C2H4OH): is denoted by the

general form of tertiary amines, RiR2R3N, where R stands for any alkyl or aryl group. Hydrogen

sulfide reacts instantaneously with MDEA, through a proton-transfer reaction (R. 1).
R,R,RsN + H,S & R,R,R;NH* + HS™ R.1

In aqueous systems, the reactions taking place are often written including the water (R. 2 -

R. 4), though the overall reaction is the same as R. 1.
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H,0 & H* + OH™ R.2
H,S & H* + HS™ R.3
R,R,R;N + H* & R,R,R;NH* R. 4

The overall reaction between carbon dioxide and aqueous tertiary amines is given in R. 5.

RiR,R3N + CO, + H,0 & RyR,R;NH*Y + HCO3 R.5

Two mechanisms have been proposed regarding the role of the amine in the reaction path; one
suggests the role of the amine as a catalyst to promote the hydrolysis of carbon dioxide
(Donaldson and Nguyen, 1980) and the other suggests the direct reaction of carbon dioxide

with the tertiary amine to form a zwitterion (Yu et al., 1985).

Regarding the first proposed mechanism, Donaldson and Nguyen (Donaldson and Nguyen,
1980) rejected the possibility for direct reaction of the tertiary amine with COz and suggested
that the amine serves as catalyst accelerating the reaction of carbon dioxide with water. The
reactions proposed according to this theory, which is widely embraced by the scientific

community, are presented below:

H,0 & H* + OH~- R. 6
€0, + H,0 & H,CO4 R.7
H,CO; & H* + HCO3 R. 8
R,R,RsN + H* & R,R,R;NH* R.9

Carbon dioxide reacts with water in aqueous solutions with bicarbonate ions as products.
Further dissociation of carbonic acid, from bicarbonate to carbonate also takes place but it can
be considered negligible at amine pKa values < 10.8 at 25 °C. Since the pKa of MDEA is 8.3,
this reaction is not listed (Yu et al., 1985). The formation reaction of bicarbonate is slow (R. 6
- R. 8). Contrary to primary and secondary amines which can directly react with CO2 by losing
their proton and forming carbamate (RNHCOQO") in a relatively fast reaction, tertiary amines do

not have any hydrogen atom available. Therefore, carbon dioxide is forced to form bicarbonate
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via the slow route. Donaldson and Nguyen (Donaldson and Nguyen, 1980) also discussed the
formation of monoalkyl carbonate in the case that one of the R- groups of the tertiary amine is
an alcohol, but concluded that the formation of an alkyl carbonate is not possible. This implies,

that in non-aqueous systems, carbon dioxide will remain unreacted.

As far as the second proposed mechanism is concerned, Yu et al. (Yu et al., 1985) proposed the
formation of an intermediate in reaction R. 6 as the product of COz-amine reaction and
addressed the question of what kind of intermediate could that be. They suggested an unstable
zwitterion to be formed on the nitrogen atom of the tertiary amine. According to this theory,
the zwitterion then reacts with H20 to form the more stable protonated amine and bicarbonate

ion (R. 10 - R. 11). This implies that bicarbonate cannot be formed in water-free systems.

R,R,R3N + CO5 & RyR,R3NCOO R. 10
R,R,R;NCOO + H,0 & R R,R;NH* + HCO3 R. 11

Recent studies have shown that in both aqueous and non-aqueous tertiary amines, alkyl
carbonates can be formed (Behrens et al., 2017; Rainbolt et al., 2011), meaning that both
theories seem to have correct and incorrect elements. Based on the latest findings, the theory of
Yu et al. (Yu et al., 1985) seems to hold in terms of a direct reaction of carbon dioxide with
tertiary amines and the formation of a zwitterionic product. However, the reaction product is
not formed on the nitrogen atom of the amine, but instead on the O™ of one of the present
hydroxyl groups. In the interim, the theory of Donaldson and Nguyen (Donaldson and Nguyen,
1980) is correct about the role of the aqueous amine as a facilitator in carbon dioxide hydration,

although their dismissal of alkyl carbonate formation is false.

In spite of the mechanism, it is proven that the kinetics of aqueous tertiary amines with COz is
slow. Fast kinetics are exhibited with HaS and it is this difference that renders tertiary amines
suitable solvents for selective removal of hydrogen sulfide over COz. In spite of the much faster
reaction of H2S compared to the reaction of COz, the latter still limits the H2S selectivity that
aqueous tertiary amines can attain because the bicarbonate concentration in the bulk phase of
the liquid affects the driving force available for hydrogen sulfide absorption (Yu et al., 1985).
It is noted that any advantage for HaS selectivity disappears at extended times that will allow

the formation of the COz reaction products.
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Chapter 3

Density and Viscosity

This chapter presents experimental measurements and modeling of density and viscosity of

aqueous and non-aqueous mixtures of methyldiethanolamine and monoethylene glycol.

In the first part of this chapter, the physical properties density and viscosity of the systems
MDEA-MEG and MDEA-MEG-H:20 were studied at temperatures from 283.15 to 353.15 K
and ambient pressure (journal publication I). In the binary systems, the amine content varied
from 5 to 90 wt%. The effect of water was studied in the ternary systems by varying its
concentration from 5 to 50 wt%. Both density and viscosity measurements showed good
repeatability and reproducibility. Excess molar volumes and viscosity deviations upon mixing
were derived from the experimental data. They indicate strong non-ideality of the mixtures at
the studied conditions, which have been explained by the attractive intermolecular forces and
structural effects in the mixtures. Non-random two-liquid-based models were used to
successfully predict both density and viscosity, while a comparison was performed with the
Aspen liquid mixture viscosity model. The average absolute relative deviations (AARDs) were
found to be less than 0.4% for density and 3% for viscosity for both models for the binary and
the ternary systems. Special focus has been given on the uncertainty of the measurements;
therefore, a comprehensive uncertainty analysis is included in the Supporting information of

the following published article.

In the second part of the chapter, further considerations in the application of MEG-MDEA and
MEG-MDEA-H:0 solvents for the combined hydrogen sulfide removal and hydrate control
subsea are discussed. The discussion focuses on the high viscosity of the proposed systems that
may clash with processing equipment requirements. The effects of pressure and acid gas loading
of the solvent are examined and it is shown that the model developed in this work can be used

for the prediction of the viscosity limits of this process.
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3.1 Density and viscosity study for the systems MDEA-MEG
and MDEA-MEG-H:0

Journal publication I

Skylogianni, E., Wanderley, R.R., Austad, S.S., Knuutila, H.K., 2019. Density and Viscosity
of the Nonaqueous and Aqueous Mixtures of Methyldiethanolamine and Monoethylene Glycol
at Temperatures from 283.15 to 353.15 K. J. Chem. Eng. Data 64, 5415-5431.
https://doi.org/10.1021/acs.jced.9b00607.

Reprinted (adapted) with permission from The Journal of Chemical and Engineering Data.

Copyright 2019 American Chemical Society.

42









Downloaded via NORWEGIAN UNIV SCIENCE & TECHNOLOGY on December 17, 2019 at 13:45:59 (UTC).

See https://pubs.acs.org/sharingguidelines for options on how to legitimately share published articles.

enchemical&

ﬁ e n g I n e e rI n gOCKeThls J. Chem. Eng. Data 2019, 64, 5415-5431

data

pubs.acs.org/jced

Density and Viscosity of the Nonaqueous and Aqueous Mixtures of
Methyldiethanolamine and Monoethylene Glycol at Temperatures

from 283.15 to 353.15 K

Eirini Skylogianni, Ricardo R. Wanderley, Sigrid S. Austad, and Hanna K. Knuutila*

Department of Chemical Engineering, Norwegian University of Science and Technology, 7034 Trondheim, Norway

(5] Supporting Information

ABSTRACT: Nonaqueous and aqueous mixtures of methyl-
diethanolamine and monoethylene glycol form promising
absorbents for the combined hydrogen sulfide removal and
hydrate control, necessary in natural gas processing. In this
direction, the density and viscosity of the binary and ternary
systems were measured and modeled in the temperature range
of T = 283.15—353.15 K and at ambient pressure. Excess
molar volumes and viscosity deviations from ideality were also
calculated. The water content varied from 5 to 50 wt % and
the amine content from S to 90 wt %. Both density and viscos-
ity were modeled using nonrandom two-liquid-based models.

Solvent for combined H,S removal and dehydration of natural gas
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Regarding the density modeling, the average absolute relative deviations (AARDs) were found to be less than 0.4% for the
binary subsystems and equal to 0.3% for the ternary system. Viscosity modeling results show higher AARD, though always lower

than 3.0% for both binary and ternary solutions.

1. INTRODUCTION

Acid gas removal with the aid of amines is a common industrial
process, for example, in oil refineries and natural gas treatment
plants among others. Commercial amines are monoethanol-
amine, diglycolamine, and methyldiethanolamine (MDEA), the
latter being most suitable for the selective removal of hydrogen
sulfide (H,S) over carbon dioxide (CO,)." In oil and gas pro-
duction, hydrate control or dehydration is an equally necessary
process as gas sweetening. Typically, glycols such as mono-
ethylene glycol (MEG) and triethylene glycol are used, respec-
tively, to prevent hydrate formation durlng gas transportation
and to reach water content specifications.”* Moreover, the focus
of oil and gas companies on subsea operations encourages
process intensification concepts, where modules with respect to
size, weight, and complexity are developed.” Such a concept is
the combined removal of acid gases and water Vapors in one step
only, first conceived and patented b_/y Hutchinson® and later
further developed by McCartney®” and Chapin.® In this
direction, our group investigates the feasibility of the simulta-
neous acid gas removal and hydrate control process with
nonaqueous and aqueous MDEA—MEG mixtures.

As in every new process analysis, the evaluation of the com-
bined acid gas and water vapor removal by an amine—glycol-
based solvent requires the knowledge of the thermodynamic
behavior, reaction kinetics, and physical properties of the
system. This study focuses on some of the physical properties of
the system, namely, density and viscosity, which play a crucial
role in the successful design and operation of a separation
process. Nookuea et al. studied the effect of various thermo-
physical properties on the design of an absorber for CO, capture
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and concluded that liquid density and viscosity have the most
significant impact on the packing height.” Especially for subsea
applications, the low temperature experienced in the seabed
dramatically changes the solvent viscosity, affecting the overall
mass transfer and hydrodynamics of the system. In fact, viscosity
specifications related to the pumpability of injected chemicals
apply for offshore/subsea operations. Therefore, the objective of
this study is to provide experimental measurements and develop
auxiliary models for density and viscosity as a tool for assessing
the successful employment of the binary MDEA—MEG or the
ternary MDEA—MEG—H, O systems for natural gas purification.

The literature is rich in density and viscosity studies for
aqueous MDEA solutions due to their broad applicability in
CO, capture and selective H,S removal. Several authors report
densities'*™"* and viscosities'' ™" of MDEA—H,O mixtures.
Moreover, the measurement of the density and viscosity of pure
MDEA has been presented as a validation for the experimental
method of density and viscosity measurements.”® A sufficient
amount of data exists also for MEG—H,O system densities and
viscosities.” 72¢ A comprehensive, though not exhaustive, list is
shown in Table 1. The combination of amines and glycols has
also been studied in the literature;*” > however, to the best of
our knowledge, no data on the density or the viscosity of the
MDEA—-MEG or MDEA—MEG—H,O mixtures are reported.
In addition, although for pure monoethylene glycol and its
solutions with water, density and viscosity measurements have
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Table 1. Literature Review on the Density and Viscosity Measurements of Aqueous MDEA and Aqueous MEG Systems at

Ambient Pressure

system molar fraction, x, property temperature (K) source

MDEA (1) 0-1 density 283.15-363.15 Bernal-Garcia et al.'’
H,0 (2) 0.0165—1 density 288.15-333.15 Al-Ghawas et al."!

0.0165—1 viscosity 288.15-333.15

0.0364, 0.0608 density 303.15-333.15 Li and Lie'*

0.0364—1 viscosity 303.15-353.15

0.0165—-1 density 288.15-333.15 Paul and Mandal"?

0.0165—1 viscosity 288.15-333.15

0.1-1 density 293.15-333.15 Yin et al."*

0.1-1 viscosity 293.15-333.18

0-1 viscosity 298.15-353.15 Teng et al."”

0-1 viscosity 313.15-363.15 Bernal-Garcia et al."®

0—1 viscosity 303.15-323.15 Chowdhury et al."*

0.0447-1 viscosity 293.15-3583.18 Pinto et al.'”

0.0165—0.1313 viscosity 333.15-373.15 Rinker et al."”

1 density 296.15—470.15 DiGuillo et al.”!

1 viscosity 293.15-424.15

1 density 298.15-323.15 Alvarez et al. >

1 viscosity 298.15-323.15

1 viscosity 298.15-343.15 Henni et al.”

1 viscosity 303.15-343.15 Baek et al.”’

1 viscosity 303.15-353.15 Haghtalab and Shojaeian™

1 viscosity 303.15-313.18 Akbar and Murugesan®®
MEG (1) 0-1 density 298.15 Hayduk and Malik”'
H,0 (2) 0-1 viscosity 298.15

0-1 density 263.15—423.15 Bohne et al.””

0—1 viscosity 263.15-373.15

0.25-0.78 density 296.15—445.15 Sun and Teja™

0-1 viscosity 284.15—449.15

0-1 density 273.15-363.15 Afzal et al.”

0-0.72 density 293.15 Tsierkezos and Molinou®

0-0.72 viscosity 293.15

0-1 density 293.15-353.15 Yang et al.”*

0—1 viscosity 293.15-353.18

0-1 density 283.15-313.15 Tsierkezos and Molinou™

0-1 viscosity 283.15-313.15

0-1 viscosity 298.15 Jerome et al.”’

0—-1 viscosity 298.15 Dunstan®®

1 viscosity 298.15-373.15 Rumble®

22,24,26

been reported at low temg)eratures, even down to 263 K,
only Bernal-Garcfa et al.' report densities at 283.15 K for pure
MDEA and its aqueous solutions. We have not found reported
viscosities of pure MDEA or aqueous MDEA in the existing
literature at such low temperature.

In this work, density and viscosity measurements of the binary
system MDEA—MEG and the ternary system MDEA—-MEG—
H,O are presented in the temperature range of T = 283.15—
353.15 K and at a pressure of 0.1020 MPa. The binary system
was studied in the whole concentration range, from pure MDEA
to pure MEG. For the ternary system of aqueous MDEA—
MEG—H,O0, we varied the water concentration from S to 50 wt %
to demonstrate the impact of water content on the physical
properties of the amine—glycol system studied. Both density and
viscosity were modeled for the pure components and binary and
ternary systems using the data obtained in this work as well as
the data presented in Table 1.

2. EXPERIMENTAL AND COMPUTATIONAL METHODS

2.1. Materials. Information on the chemicals used is
provided in Table 2. The chemicals were used as received
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from the supplier without further purification. For the aqueous
mixtures composed of MDEA-MEG—H,O, deionized water
was used. The solutions were prepared gravimetrically in a
METTLER PM1200 scale with an accuracy of 1 X 107 kg, and
MDEA concentration was verified for each system by acid—base
titration. Magnetic stirring prior to measurements for at least 8 h
ensured solution homogeneity.

2.2. Experimental Methods. 2.2.1. Density Measure-
ments. The densities of all solutions were measured with an
Anton Paar Density Meter DMA 4500M. Millipore water and
dry air were used for the calibration of this apparatus, as
explained by Hartono et al,,*” whereas pure water, MDEA, and
MEG were used as reference fluids for the apparatus validation.
We studied the repeatability of the density measurements
(set A) at selected temperatures at low and high concentrations
of MDEA—MEG, as well as at 353.15 K for the aqueous system
due to the risk of water vaporization. A reproducibility study
(set C) was also performed by preparing fresh solutions and
experimentally determining the density of the pure components
and the binary system at low and high concentrations. The
results show excellent repeatability and reproducibility with

DOI: 10.1021/acs.jced.9b00607
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Table 2. Chemical Sample Table

component TUPAC name

N-methyldiethanolamine (MDEA)

monoethylene glycol (MEG) ethane-1,2-diol

2-[2-hydroxyethyl (methyl)aminoJethanol

CAS supplier mass fraction
105-59-9 Sigma-Aldrich >0.99
107-21-1 Sigma-Aldrich 0.998

average absolute relative deviations (AARDs) equal to 0.01 and
0.02%, respectively.

2.2.2. Viscosity Measurements. Viscosity measurements
were performed in a Lovis 2000 M microviscometer, connected
in series to the density meter. The sample is introduced to a
temperature-controlled capillary block with an accuracy of 0.02 K,
where the Hoeppler’s falling ball method is employed. In our
experiments, a capillary of a 1.59 X 107> m diameter with a gold
ball was used, allowing for the measurement of viscosities up to
approximately 60 mPa s. The apparatus validation is presented
in Section 3. The validation revealed an AARD from the
reference liquid value of 2.88%. The repeatability (set A) and repro-
ducibility (set C) of the viscosity measurements were studied
similarly to density measurements, and the AARDs were 0.76 and
0.69%, respectively.

An Xsample 452 H sample filling module is integrated into the
density meter and microviscometer for automatic sampling,
cleaning, and drying. The measurements always started with an
air check and measurement of Millipore water samples, which
were distributed in approximately every other three samples,
allowing for a continuous check of the results as well as an
additional cleaning medium.

For viscosities outside the limits of the available capillary in
the microviscometer, an Anton Paar MCR 100 rheometer with a
double-gap measuring cell (DG-26.7) was used. A detailed
description of the apparatus and experimental and calibration
procedure is given by Hartono et al** The measurement
repeatability was studied for all systems at 283.15 K, and we
concluded that the repeatability of the instrument is good since
the maximum absolute relative deviation (MARD) is 2.05% and
the AARD is 0.5%. Solutions measurable in the microviscometer
were also measured in the rheometer to determine the viscosity
reproducibility with the two different instruments. We con-
ducted the study primarily at 283.15 K and calculated a 2.72%
MARD and 1.07% AARD.

In all our experiments, at least two measurements were taken
and the average is reported as the measured property of the
solution. Moreover, acid—base titration was employed to deter-
mine the amine concentration of samples also after the measure-
ments to ensure that no vaporization had occurred. The concen-
tration of all samples remained unchanged even after the
experiments conducted at 353.15 K.

2.3. Computational Methods. 2.3.1. Model Parametriza-
tion. The parametrization procedure has been carried following
the particle swarm optimization algorithm described by Poli
et al.* and Ghosh et al.** and previously successfully implemented
by Evjen et al.** and Pinto and Svendsen.** As before, the Ibest
topology was chosen with @ = 0.7298 as the inertia factor and
@, = @, = 1.49618 as acceleration coefficients. The objective
function € to be minimized is given by eq 1, where y is the output
one is set to estimate, u is a set of input variables, and € is a set of
model parameters. NP is the total number of points used for the
parametrization routine.

NP (X - )2(14’ 0))
Sl 0) = X = ®

Furthermore, the quality of the fitting has been evaluated by two
complementary criteria: the average absolute relative deviation
(AARD) and the maximum absolute deviation (MAD) as
defined by eqs 2 and 3

NP Y )

100 @ [ %=

MAD = max(ly — jl) (3)

The same overall parametrization procedure has been applied
for the modeling of both density and viscosity. In general lines,
one initially needs to estimate the properties of single compo-
nents. The properties of binaries and ternaries are then calcu-
lated by the use of a simple mixing rule and an additional term
that accounts for excess properties. In this work, the fitting is
carried over the global data set, meaning that unitary, binary, and
ternary data sets are all coupled together in the evaluation of the
objective function € and accounted for in the AARD and in the
MAD calculation. However, it is a good optimization practice to
fit the excess property models first to each individual binary data
set, thus generating a periphery of initial guesses for the fitting of
the global data set. This has been the procedure carried through-
out this study. A list of the symbols used in the remainder of this
work is given in the nomenclature provided at the end of the
article.

2.3.2. Modeling of Density. The typical approach employed
for the estimation of multicomponent system densities goes
through the modeling of excess molar volumes (+£). Once the v*
of a mixture is calculated, its density can be recovered by eq 4.

Yo MW,

E NC %MW,
DYt @

Following the example of Pinto et al,* a modified Rackett
equation of the form shown in eqs 5—7 was employed for the
calculation of p,. This calculation requires the estimation of
single molar volumes in eq 5 using the Rackett compressibility
factor Zy,,; described in eq 6. The parameters in these equations
are the critical temperature T¢; and critical pressure p; for each
pure component and the reduced temperature and pressure.
Furthermore, three parameters (4, B, and C;) have to be fitted
for the obtention of Zy, ;.

. R'TC,i n 1*(1*7:1)2/7
o, T) = —Zppi

Fe,i (5)
N N B .
Zealp, T) = exp|A; + — + C, ln(Trri)

B, (6)

. MW
plp, T) = —

b (7)

The estimation of the single-component molar volumes 7; is
followed by the estimation of the excess properties 7* of binary
and ternary mixtures. In the previous work carried out by Evjen
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et al,* the Redlich—Kister (RK) equation fulfilled this duty.
However, as seen in that study, the RK equation demands that at
least six parameters are fitted for each binary mixture so that a
good agreement between experimental and estimated densities
is obtained. These binary estimations must additionally be
coupled with an extra 7* model for the estimation of ternary
densities.***” Such a correction demands additional parameters
and fittings in the forms proposed differently by several distinct
authors, like Cibulka,*® Nagata and Tamura,” Redlich and
Kister,” and Singh et al.*>' Most of these models have at least
three extra parameters, meaning that 6-NC + 3 = 21 empirical
parameters must be found for the description of the density of
ternary solutions. This poses the disadvantages of having to
choose one among several 7* models in the literature and fitting
an unordinary number of coefficients. This also means that the
quality of the ternary data fitting is wholly dependent on the
quality of the binary data fitting.

An alternative to this has been suggested by Pinto and
Knuutila®® for the direct fitting of ternary density data. This
model, henceforth called the NRTL-DVOL, is explicitly based
on the nonrandom two-liquid (NRTL) model and has the form
outlined in eqs 8—11.

NC

INC .G
GE(x, T) =R.T- Z xi'M

X
NC A

i=1 k=1 GliXe (8)
Gy(T) = exp(—ay;-3) (9)
2 —4 4
D=8+ (10)
a;=0; b;=0; &1]' = &]x (11)

The expressions shown in eqs 8—11 demand the fitting of ; and
b;. Meanwhile, R is a fixed parameter of the model and its value is
R = 6.48803. The nonrandomness parameter a; is set alterna-
tively at a;=0.1,02, or 0.3, and the optimization routines are
performed once for each of these values. In this work, a global a;
= a was implemented for each study, meaning that a single & was
chosen for the binary—ternary systems instead of one for each
binary.

2.3.3. Modeling of Viscosity. Similar to that of density, the
modeling of the viscosity requires the “excess viscosity” of the
mixture or more correctly the viscosity deviations from ideality
upon mixing. In this work, viscosity deviations Az were calcu-

lated from the experimental measurements using eqs 12—13.%%*
_ NC
(7)) = Y x In(n)
i=1 (12)
_ id
Ap=n—n (13)

where 77'¢ is the viscosity of the ideal mixture; x; and 7, are the
molar fraction and viscosity of the pure component i,
respectively; 77 is the measured viscosity of the mixture; and
An is the viscosity deviation upon mixing.

There are several approaches for modeling the viscosity of
binary liquid mixtures. However, only the models of Song et al.>®
and Pinto and Svendsen** offer an easy extension toward the
calculation of ternary mixtures. The former is usually called the
Aspen liquid mixture viscosity model, whereas the latter was
named the NRTL-DVIS model. Both of them are reliant on
good estimates of pure component viscosities. Therefore, the
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viscosities of pure MDEA and MEG were fitted to the Vogel
equation, which has a generic form shown in eq 14.
. i LB
In((1)) = 4, + —

- C (14)

Meanwhile, the viscosity of pure water can be estimated by the
correlation of Bingham and Jackson®® given in eqs 15 and 16.

Pyy,o(T) = 21482-[(T — 281.585)

+ /80784 + (T — 281.585)* ] — 120 (15)
R 100
() = ~2
H,0 (16)

The viscosity of mixtures is estimated by the addition of an
excess viscosity term, different from the one displayed in eqs 12
and 13, as shown in eq 17. Following the initial suggestion of
Song et al,>® the mass fractions w;, are better weights for the
mixture calculations than the molar fractions x;.

NC
n(ii(w, T)) = Y wIn(i(T)) + In(7"(w, T))

i=1 (17)

Moreover, the form that this excess term 7 can take is what
differs the Aspen liquid mixture viscosity model from the NRTL-
DVIS model. Following the Aspen liquid mixture viscosity
model, this term is calculated by eqs 18—21. These equations
require that four different sets of parameters, a;, b, ¢;, and d;;, are
estimated for each binary pair.

NC NC

(", T)) = 25 Y kyrwew; In(i)
i=1 j>i
3

NC NC
+ 2w X we(ly In(f) 3

=t | j#i (18)
A In() — ln(ﬁj)l
@)= (19)
k(T) = a; + ?’ a0)
o,
11;(T) =G F (21)

Similarly, the NRTL-DVIS model also requires that 12
parameters be estimated. Its form is very similar to that of the
NRTL-DVOL since both come from the same approach of
modeling excess properties with the general shape of the
NRTL excess Gibbs energy equation. The model is described by
eqs 22—25.

ZNC '?,‘i‘G

NC = _—
In(7"(w, T)) = R 3 wr oo

i=1 k=1 G Wi (22)
Gi;(T)=3XP(_ai;'7?i,) (23)
N A ij
(T =d+ 7 (24)
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Table 3. Experimental and Indicative Literature Values of the Density p/kg m™ for Pure Water, MEG, and MDEA at
Temperatures T = 283.15—353.15 K and Pressure near p = 0.1 MPa

p/kg m™
water MEG MDEA

T/K Spieweck and Bettin®’ Yang et al?*  this work Afzal et al.*® Yang et al?*  this work Bernal-Garcfa etal.'® Al-Ghawas etal.'!  this work
283.15 999.699 999.9 1120.23 1120.0 1047.53 1048.0
298.15 997.043 997.2 1109.77 1109.9 1037.86 1037.4 1036.8
313.15 992.212 992.2 992.3 1099.17 1093.6 1098.8 1026.52 1026.7 1025.4
323.15 988.030 988.1 988.3 1092.02 1084.7 1091.6 1018.88 1019.4 1017.7
333.15 983.191 983.2 983.5 1084.78 1076.4 1085.0 1011.43 1012.3 1010.0
343.15 977.759 977.8 978.1 1077.42 1067.5 1077.6 1003.32 1002.2
353.15 971.785 971.8 9723 1069.95 1060.0 1070.1 995.41 994.6
AARD (%) 0.03 033 0.12

“AARD (%) = 90 N |2
° NP &i=1 I

Table 4. Experimental Values of Density p/kg m™> for {MDEA (1) + MEG (2)} as a Function of Weight Fraction w and

Temperature T at Pressure p = 0.1020 MPa“

p/kg m™?
283.15S K 298.15 K 313.15 K
wy set A set A set A (1) set A (2) set A (3) set C

0.000 1120.0 + 0.2 1109.9 + 0.3 1098.8 + 0.3 1099.3 + 0.3 1099.3 + 0.3
0.300 + 0.003 1101.8 + 0.2 1090.9 + 0.2 1079.9 + 0.1 1079.9 £ 0.1 1079.9 £ 0.1 1080.0 + 0.1
0.400 + 0.003 1095.1 £ 0.2 1084.3 + 0.2 1073.2 £ 0.1 10732 £ 0.1
0.500 + 0.004 1088.1 +£0.2 10772 £ 0.2 1066.0 + 0.1 1066.0 + 0.1
0.700 =+ 0.006 1073.3 £ 0.2 1062.1 + 0.2 1050.7 £ 0.1 1050.8 £ 0.1
0.800 + 0.008 1065.4 + 0.2 1054.0 £ 0.2 1042.5 £ 0.1 1042.6 + 0.1
0.900 + 0.009 10572 £ 0.2 1045.6 +£ 0.2 1034.1 £ 0.1 1034.1 £ 0.1 1034.1 £ 0.1 1034.0 + 0.1
1.000 + 0.011 1048.0 £ 0.2 1036.8 + 0.2 1025.4 £ 0.1 10254 £ 0.1 1025.1 £ 0.1

323.15 K 333.15 K
wy set A set A (1) set A (2) set C
0.000 1091.6 + 0.1 1085.0 + 0.1 1084.9 + 0.1

0.300 + 0.003 1072.5 £ 0.1 1065.1 + 0.1 1065.0 + 0.1 1065.2 + 0.1

0.400 + 0.003 1065.7 + 0.1 1058.1 + 0.1

0.500 + 0.004 1058.5 + 0.1 1050.9 + 0.1

0.700 + 0.006 1043.1 + 0.1 10354 + 0.1

0.800 + 0.008 1034.9 + 0.1 10272 £ 0.1

0.900 + 0.009 1026.4 + 0.1 1018.7 + 0.1 1018.7 £ 0.1 1018.6 + 0.1

1.000 + 0.011 1017.7 £ 0.1 1010.0 + 0.1 1010.0 + 0.1

34315 K 353.15 K
wy set A set A (1) set A (2) set C
0.000 1077.6 = 0.1 1070.1 £ 0.1 1070.1 £ 0.1

0.300 + 0.003 10574 + 0.1 1049.7 + 0.1 1049.7 £ 0.1 1049.8 + 0.1

0.400 + 0.003 1050.5 + 0.1 1042.7 £ 0.1

0.500 + 0.004 1043.1 £ 0.1 1035.3 £ 0.1

0.700 + 0.006 1027.5 £ 0.1 1019.7 £ 0.1

0.800 + 0.008 1019.3 £ 0.1 1011.5 £ 0.1

0.900 + 0.009 1010.9 + 0.1 1003.1 £ 0.1 1003.1 £ 0.1 1002.8 + 0.1

1.000 + 0.011 1002.2 + 0.1 994.6 + 0.1 994.4 + 0.1

“Weight fractions and densities are reported with their expanded uncertainties (0.95 level of confidence). Expanded uncertainties not included

above are U(T) = 0.02 K and U(p) = 0.0030 MPa.

dy i = &/‘[ (29)
All of the remarks made regarding the NRTL-DVOL model
apply to the NRTL-DVIS model. Once again, a value of R =
6.48803 was set as a fixed parameter of the equations, whereas
@; = a was set alternatively to a = 0.1, 0.2, and 0.3 for each

optimization routine.
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3. RESULTS AND DISCUSSION

The results of density p and viscosity # measurements
and modeling for the binary mixtures of MDEA—MEG and
the ternary mixtures of MDEA—MEG—H,O are presented
below.

3.1. Density. The densities of pure water, monoethylene
glycol, and methyldiethanolamine were measured and compared

DOI: 10.1021/acs.jced.9b00607
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Table 5. Experimental Values of Density p/kg m™> for {MDEA (1) + MEG (2) + Water (3)} as a Function of Weight Fraction w

and Temperature T at Pressure p = 0.1020 MPa“

p/kg m™
283.15 K 298.15 K 313.15 K 323.15 K 333.15 K
wy Wy set A set A set A set A set A
0.050 + 0.002 0.900 + 0.003 1114.1 + 0.2 1103.7 £ 0.3 1093.1 + 0.1 1086.4 + 0.6 1079.1 + 0.7
0.900 + 0.013 0.050 + 0.010 1057.6 + 0.2 1046.3 + 0.3 1034.8 + 0.1 1027.5 + 0.6 1019.8 + 0.7
0.300 + 0.003 0.600 + 0.003 1196.6 + 0.2 1086.1 + 0.3 1075.1 £ 0.1 1068.2 + 0.6 1060.7 + 0.7
0.600 + 0.006 0.300 + 0.006 1078.5 £ 0.2 1067.6 + 0.3 1056.3 + 0.1 1049.1 + 0.6 1041.5 £ 0.7
0.100 + 0.002 0.600 + 0.002 1090.1 + 0.2 1080.5 + 0.3 1070.3 + 0.1 1063.4 + 0.6 1056.8 + 0.7
0.300 + 0.003 0.400 + 0.003 1081.2 £ 0.2 10712 £ 0.3 1060.9 + 0.1 1053.8 + 0.6 1047.1 £ 0.7
0.600 + 0.006 0.100 + 0.006 1067.8 + 0.2 1057.4 £ 0.3 1046.5 + 0.1 1039.4 + 0.6 1031.7 £ 0.7
0.250 + 0.002 0.250 + 0.002 1061.0 + 0.2 1052.2 £ 0.3 1043.2 + 0.1 1036.6 + 0.6 1030.5 + 0.7
343.15K 383.1SK
wy Wy set A set A (1) set A (2) set C
0.050 + 0.002 0.900 + 0.003 1071.8 £ 0.7 1064.5 + 0.9 1064.6 + 0.9
0.900 + 0.013 0.050 + 0.010 1012.0 + 0.7 1004.2 + 0.9 1004.2 + 0.9
0.300 + 0.003 0.600 + 0.003 1053.2 + 0.7 1045.6 +£ 0.9 1045.7 + 0.9 1045.7 £ 0.9
0.600 + 0.006 0.300 + 0.006 1033.6 + 0.7 1025.8 +£ 0.9 1025.8 + 0.9
0.100 + 0.002 0.600 + 0.002 10494 + 0.7 1042.0 £ 0.9 1042.2 + 0.9
0.300 + 0.003 0.400 + 0.003 1039.5 + 0.7 1031.8 + 0.9 1031.9 + 0.9
0.600 + 0.006 0.100 + 0.006 1023.7 + 0.7 1015.7 £ 0.9 1015.8 £ 0.9
0.250 + 0.002 0.250 + 0.002 1023.5 + 0.7 1016.1 + 0.9 1016.1 £ 0.9 1016.2 + 0.9

“Weight fractions and densities are reported with their expanded uncertainties (0.95 level of confidence). Expanded uncertainties not included

above are U(T) = 0.02 K and U(p) = 0.0030 MPa.

to values from the literature for validation purposes. Our
measured densities were compared against the literature sources
presented in Table 1 and, to be more specific, against data
reported by Bernal-Garcia et al,'’ Hayduk and Malik,>' Yang
et al,”* Tsierkezos and Molinou,” and Spieweck and Bettin®’
for water; data reported by Hayduk and Malik,*' Bohne et al.,*”
Afzal et al,** Yang et al,** and Tsierkezos and Molinou™ for
MEG; and data reported by Bernal-Garcia et al,'® Al-Ghawas
etal, Alvarez et al,,*” Paul and Mandal,'® and Yin et al.'* for
MDEA. The average absolute relative deviation (AARD) is
0.01% for water, 0.30% for MEG, and 0.10% for MDEA, demon-
strating that our measurements are in good agreement with the
data already reported in the literature. Indicative literature data
sets are given in Table 3, selected because they cover as many
temperatures studied in this work as possible. The AARDs using
those two sources for each component were found to be 0.03,
0.33, and 0.12% for water, MEG, and MDEA, respectively.
Tables 4 and 5 show the measured densities in this work for
the nonaqueous and aqueous MEG—MDEA mixtures, respec-
tively, as a function of weight fraction w and temperature T at
ambient pressure. The expanded uncertainties with a 0.95 level
of confidence of composition and density are provided for each
system and temperature. In addition to the weight fractions,
molar fractions x; and the corresponding uncertainties can be
found in the Supporting Information. As mentioned earlier, the
repeatability of the density measurements is excellent, as one can
see in the results. It is observed that the density of the binary
mixtures of MDEA—MEG decreases with temperature and with
MDEA concentration. These trends are better illustrated in
Figure 1, presenting the experimental densities for the binary
system MDEA—MEG and the estimates generated by the
NRTL-DVOL model. Similar figures for MDEA—H,0 and
MEG—H,O0 are provided in the Supporting Information. The
density of MEG—H,O is similar to the one for MDEA—-MEG,
whereas the one for the binary MDEA—H,O varies in the way
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Figure 1. Binary data set of densities for {MDEA (1) + MEG (2)} and
estimations generated by the NRTL-DVOL model. The temperature at
which each experimental point (solid circle) was measured is color-
coded by the bar on the right side. The temperatures at which the
estimates were made were 283.15 K (dark-blue dashed line), 298.15 K
(capri-blue dashed line), 313.15 K (aqua dashed line), 323.15 K (green
dashed line), 333.15 K (lime-green dashed line), 343.15 K (yellow
dashed line), and 353.15 K (orange dashed line).

that it increases with MDEA concentration but only up to
approximately w, = 0.7 after which it starts decreasing. This
behavior is due to the excess molar volumes upon mixing of
MDEA and H,0 and is discussed in detail in Section 3.3. The
trend of decreasing density with temperature and amine content
applies to the ternary systems as well, given that the amount of
water in the solution is constant. The generated density contour
plots for the ternary system can be found in the Supporting
Information.

As explained in Section 2, a modified Rackett equation was
employed for the fitting of the single-component data sets
shown in Table 1. The results of the fitting are presented in
Table 6 and Figure 2. The values of MW, T, and pc were
obtained from Yaws.*® The fitting for water was not performed

DOI: 10.1021/acs.jced.9b00607
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Table 6. Parameters and Results for the Fittings of the
Modified Rackett Equation

parameter MDEA MEG water””

MW (kg kmol™")  119.16 62.07 18.02
T¢ (K) 675 720 647.1
pc (MPa) 3.88 8.20 22.064
A —1.4003 —1.4021 —1.4937
B —3.0132Xx 107°  —0.7670 X 107°  6.6495 X 107¢
c —0.03542 —0.02230 —9.868
AARD (%) 0.07 0.19 0.35
MAD (kg m ™) 236 7.68 15.82
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Figure 2. Experimental single-component density of MDEA both
obtained in the literature (red open triangle up) and as produced in this
work (red circle filled in gray) and of MEG both obtained in the
literature (blue open triangle down) and as produced in this work
(blue circle filled in gray), and corresponding estimations with the
modified Rackett equation for MDEA (red dashed line) and MEG
(blue dashed line).

in this study, but the parameters for its modified Rackett
equation were obtained from Pinto and Knuutila.”> As such, we
merely report the parameters obtained by these authors without
checking their significance, though it should be pointed out that
the parameter B obtained by Pinto and Knuutila® of 6.6495 x
107° could be set to zero with no noticeable effects on the
performance of the model. Although the results for the fitting of
MEG are worse than those of MDEA, this is arguably due to the
scatter in experimental data found for MEG in the literature, as
evidenced by Figure 2. The density data of pure MEG reported
by Yang et al.”* is partially responsible for this scatter, as their
values are consistently lower than those obtained by other
researchers (see the bifurcation in the blue data points in
Figure 2), particularly at higher temperatures. However, the data
set from Yang et al.>* contains pure water density measurements
in excellent agreement with the literature, and their collection of
pure MEG density measurements is off by only 1% when com-
pared to other published data. Therefore, we have decided to
keep their data set in our parametrization procedure.

Table 7 shows the results for the fitting with the NRTL-
DVOL model. The fitting was done by minimizing the objective
function eq 1 with the entire data set of unitary, binary, and
ternary solutions. Moreover, since the parameters found for the
NRTL-DVOL fitting are valid for estimating binary as well as
ternary data, Table 7 shows first the AARD and MAD obtained
for the binaries and then that obtained for the global data set.
It can be seen that the AARDs are very small for the three
binaries and that the deviations for the MEG—water binary case
are the worst. This will be discussed further with the aid of
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Table 7. Parameters and Results for the NRTL-DVOL
Equation Fitted for the Global Data Set

Parameters of the NRTL-DVOL Model (1 = MDEA, 2 = MEG, 3 = Water)

ap —0.59445 s —0.77567 ay 0.44978
an 0.63227 a5, 0.83786 as, —0.44286
b —20.026 by —24.830 bys —118.93
by 21.832 by 29.961 by, 117.49
a;=a=0.1; R = 648803
Fitting Results in Terms of Binary Data Sets
MDEA-MEG MDEA—water MEG—water
AARD (%) 0.14  AARD (%) 0.16 AARD (%) 0.38
MAD (kgm™) 7.68 MAD (kgm™>) 563 MAD (kgm™) 28.75
Fitting Results in Terms of the Global Data Set
AARD (%) 0.26
MAD (kg m™3) 28.75

Figure 3. Overall, the fitting results are quite good and show that
the densities of both binary and ternary mixtures can be
estimated with a high degree of confidence.

The parity plots exhibited in Figure 3a,b reinforce that the
fitting of the NRTL-DVOL model for the global data set is good,
with only a few remarkable features. One of them is the higher
deviations observed for binary data regarding MEG—water
mixtures (cyan cross), which account for the largest share in the
decoupling between model and experimental data. Figure 3a
evidences that this decoupling is the strongest at lower densities
or, conversely, at higher temperatures (Figure 3b). This can be
explained by the scatter of data points at these specific con-
ditions and by the original scatter of pure MEG data observed
already in Figure 2. Other decoupling trends, such as that for
MDEA—water binary mixtures at higher temperatures (green
asterisk), are an unfortunate consequence of fitting parameters
for such a wide range of temperatures and compositions. Never-
theless, for all systems, besides one MEG—water data point, the
deviations are not higher than 1%. One can also observe the
absolute relative deviations (ARDs) between measured and
estimated values for ternary systems in Table S1 in the Supporting
Information.

3.2. Viscosity. The viscosities of pure water, monoethylene
glycol, and methyldiethanolamine were measured and compared
to values from the literature for validation purposes. At temper-
atures higher than 323.15 K, it was not possible to measure the
viscosity of pure water. Similar to that of the density study, our
measured viscosities were compared against all of the literature
sources presented in Table 1. The data used for the validation
are from Teng et al,,'* Bernal-Garcia et al.,'® Chowdhury etal.,'®
Pinto et al,,'” Li and Lie,"* and Yin et al."* for MDEA and from
Hayduk and Malik,”' Bohne et al.,** Tsierkezos and Molinou,
Yang et a.l.,“_]erome etal,,”” and Dunstan®® for MEG. For water,
the same references as previously mentioned for MEG validation
were used, in addition to Teng et al,'® Bernal-Garcia et al,'® and
Chowdhury et al.'® The AARDs are 2.40, 3.78, and 2.71% for
water, MEG, and MDEA, respectively. The AARD:s for viscosity
are higher than for density, indicating the more challenging
nature of viscosity measurements compared to the density ones.
The data obtained agree satisfactorily with the data already
reported in the literature, with the exception of pure MEG at
283.15 K. Indicative reference sources and their corresponding
AARD:s are given in Table 8.

The measured viscosities for the nonaqueous and aqueous
MDEA—-MEG and corresponding expanded uncertainties
with a 0.95 level of confidence are shown in Tables 9 and 10,

DOI: 10.1021/acs jced.9b00607
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Figure 3. Deviations in terms of differences between experimental and estimated densities divided by experimental densities regarding estimations
made with the NRTL-DVOL model, and how they vary the experimental densities themselves (a) and with temperature (b). The data sets are
distributed in terms of pure MDEA data (red open circle), pure MEG data (orange plus), binary MDEA—water data (green asterisk), binary MEG—
water data (cyan cross), binary MDEA—MEG data (blue open square), and ternary data (purple open diamond).

Table 8. Experimental and Indicative Literature Values of Viscosity 77/mPa s for Pure Water, MEG, and MDEA at Temperatures

T = 283.15—353.15 K and Pressure near p = 0.1 MPa

7/mPa s
water MEG MDEA
IAPWS Yan§ this Tsierkezos and Bohne Yan§ this Ten$ Li and this
T/K 2008%° etal ™ work Molinou®’ et al.? etal. ™ work etal” Lie'? work
283.15 1.3059 1.32 30.5126 34.07 198.15
298.15 0.8900 091 16.630 17.27 77.190 75.37
313.15 0.6527 0.653 0.67 9.5348 9.407 9.443 9.69 34.110 34.3085 35.05
323.15 0.5465 0.547 0.57 6.992 6.81 21.6716 21.96
333.15 5.030 5.06 5.28 14.300 14.3856 14.83
343.15 3.987 4.06 9.849 9.9789 10.29
353.15 3.068 3.021 321 7.115 7.0875 7.40
AARD (%) 279 430 315
100 NP [ 70—
“AARD (%): NP Zx:l 7}# .

respectively. The repeatability of density measurements was
excellent, whereas the one for viscosity is lower, though still
satisfactory. As presented earlier in Section 2, set A consists of
the measurements conducted in the microviscometer, set B
consists of the ones conducted in the rheometer, and set C
includes all of the measurements performed to study the repro-
ducibility of the obtained data.

As expected, viscosity increases as temperature decreases.
Actually, a rather dramatic increase with temperature is observed
especially for MDEA, exhibiting a viscosity of 7.4 mPa s at
353.15 K and a viscosity of 198.1 mPa s at 283.15 K. The vari-
ation of viscosity for MEG at the temperature limits of the study
is far smaller than for MDEA. The same temperature effect is
shown for the multicomponent systems, whose viscosity is also
increasing with increasing amine concentration. The binary
system MDEA—H,O exhibits its maximum viscosity value for
MDEA concentration of approximately 95 wt % and then
decreases (see the Supporting Information for a graphical
presentation). Viscosity extremums (minimum, maximum, or
both) are not uncommon,”® and several authors have observed
such behavior in amine—water systems.'>'®'®*%¢! The lower
the temperature is, the more pronounced the maximum in the
viscosity curve is. This behavior is not followed for the MDEA—
MEG or MEG—H,O binary system, as indicated in Figures 4
and S5, which show the binary plots generated by comparing
the fitted NRTL-DVIS model and real experimental data.
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The observed viscosity behavior is further discussed in
Section 3.3.

According to the modeling procedure described in the
previous section, the Vogel equation was employed for the
estimation of the pure component viscosity. The results for the
parametrization of the Vogel equation, presented in Table 11,
show that the viscosities of the pure components are predicted
with a satisfactory accuracy. Although the scatter observed for
density data is not seen in the viscosity data, the huge variation of
viscosity values with temperature (see Figure S) generates
AARDs worse than those observed for the fitting of density
models. This variation with temperature makes the fitting of
viscosity models more difficult than that of density models, as
will be seen briefly.

Both the Aspen liquid mixture viscosity model and the
NRTL-DVIS model were tested. One data point from our
measurements for the MDEA—MEQG binary system was excluded
as an outlier (T = 283.15 K, w, = 0.7). The data fitting parameters
and results are shown in Tables 12 and 13 for the Aspen model
and the NRTL-DVIS model, respectively. Overall, the Aspen
liquid mixture viscosity model showed a slightly worse per-
formance than the NRTL-DVIS equation, returning AARD =
4.39% and MAD = 16.64 mPa s, whereas the latter showed
AARD =2.97% and MAD = 12.62 mPa s. For the Aspen model,
these deviations are more noticeable at lower temperature
and viscosity ranges, though they are also present at higher

DOI: 10.1021/acs.jced.9b00607
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Table 9. Experimental Values of Viscosity 77/mPa s for {MDEA (1) + MEG (2)} as a Function of Weight Fraction w and

Temperature T at Pressure p = 0.1020 MPa“

n/mPa s
283.15K 298.15 K
wy Set A Set B (1) Set B (2) Set A Set B (1) Set B (2)
0.000 3440 + 4.52 33.92 + 4.06 33.88 + 4.06 17.28 + 1.08 17.25 + 1.08
0.300 + 0.003 - 64.34 + 4.10 64.37 + 4.10 3043 + 1.08 - -
0.400 + 0.003 - 80.69 + 4.06 80.69 + 4.06 36.57 + 1.08 - -
0.500 + 0.004 - 99.66 + 4.08 - 43.44 + 1.09 43.65 +2.61 -
0.700 + 0.006 - - - 58.07 + 2.61 -
0.800 + 0.008 - 16427 + 427 - 66.59 + 2.62
0.900 + 0.009 - 181.33 + 4.42 - 69.21 +2.61 -
1.000 + 0.011 - 197.93 + 4.20 198.37 + 4.20 75.87 £ 2.62 74.87 + 1.08
313.15 K
wy Set A (1) Set A (2) Set A (3) Set B Set C
0.000 9.42 + 1.06 9.82 + 1.06 - 9.83 + 1.06
0.300 + 0.003 15.74 + 1.04 15.87 + 1.04 15.87 + 1.04 16.07 + 1.04
0.400 + 0.003 1843 + 1.04 18.61 + 1.04 - - -
0.500 + 0.004 21.20 + 1.06 21.58 + 1.06 - 21.97 + 049 - -
0.700 + 0.006 27.33 + 1.07 27.96 + 1.07 27.88 + 1.07 - - -
0.800 + 0.008 30.30 & 1.06 30.68 + 1.06 - - -
0.900 + 0.009 32.80 + 1.06 33.38 + 1.06 33.23 + 1.06 32.39 + 0.48 33.46 + 1.06
1.000 + 0.011 34.82 + 1.07 35.30 + 1.07 - 34.99 + 0.48 35.07 + 1.07
323.15K 333.1SK 343.15 K
wy Set A Set A (1) Set A (2) Set C Set A
0.000 6.81 + 0.36 5.26 + 0.47 - 5.30 + 0.47 4.06 £ 0.46 -
0.300 + 0.003 10.80 + 0.34 7.76 £ 0.47 7.82 £ 047 7.88 £ 0.47 S.75 + 0.46 -
0.400 + 0.003 1243 + 0.34 8.82 + 0.47 - 6.45 + 0.46 -
0.500 + 0.004 14.20 + 0.34 9.94 £ 047 - 7.17 £ 0.46
0.700 + 0.006 17.75 £ 0.34 12.17 + 0.47 - 8.61 + 0.46
0.800 + 0.008 19.48 + 0.34 13.26 £ 0.47 - 9.26 + 0.46
0.900 + 0.009 2091 £+ 0.34 14.08 + 0.47 14.16 £ 047 14.13 + 0.47 9.81 + 0.46
1.000 + 0.011 21.96 + 0.38 14.76 £ 0.47 14.90 + 047 10.29 + 0.53
353.15 K
w, set A (1) set A (2) set C
0.000 320 + 031 - 322+ 031 - - -
0.300 + 0.003 444 +031 443 +031 4.46 + 0.31 - - -
0.400 + 0.003 4.89 + 031 - -
0.500 + 0.004 5.36 + 0.31 - -
0.700 + 0.006 6.32 +0.31 - -
0.800 + 0.008 6.76 + 0.31 - - -
0.900 + 0.009 7.12 +£0.31 7.13 £ 031 713 £ 031 - - -
1.000 + 0.011 742 +0.31 7.37 £ 0.31 742 +0.31 - - -

“Weight fractions and viscosities are reported with their expanded uncertainties (0.95 level of confidence). Expanded uncertainties not included

above are U(T) = 0.02 K and U(p) = 0.0030 MPa.

temperatures and viscosities. The previously discussed max-
imum exhibited in the MDEA—H,0 system toward higher
concentrations of MDEA is particularly problematic for the
Aspen model to follow (see figures in the Supporting
Information). This difficulty in modeling strong nonideal
behavior also arises with the NRTL-DVIS equation but to a
much smaller extent. Comparison between the results of
the NRTL-DVIS model and the Aspen liquid viscosity model
shows that the fitting of the individual binaries returns higher or
similar (for the MEG—H,O system) AARDs and MADs than
the latter.

In Table 13, one can notice that the largest deviation between
estimated and experimental data is obtained for the ternary
system, which not only can show high viscosity variations but is
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also subject to the nonidealities of mixing three very distinct
components. The absolute relative deviations (ARDs) between
measured and estimated values for ternary systems can be
observed in Table S2 in the Supporting Information.

Figure 6a,b shows the parity plots between experimental and
predicted viscosity data. These figures show that the maximum
deviations incurred by the NRTL-DVIS model are on the order
of 20%, though the vast majority of these are within 10%. The
largest deviations are obtained for the MDEA—water binary
system (green asterisks) and the MDEA—MEG—H,O ternary
system (purple open diamond). These are the conditions under
which the widest span of viscosities is observed, which could be
the main reason for the fitting difficulties encountered. Figure 6b
suggests that there is no significant trend between the deviations
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Table 10. Experimental Values of Viscosity 77/mPa s for {MDEA (1) + MEG (2) + Water (3)} as a Function of Weight Fraction

w and Temperature T at Pressure p = 0.1020 MPa“

n/mPa s
283.15 K 298.15 K

wy Wy Set A Set B (1) Set B (2) Set A (1) Set A (2) Set B
0.050 + 0.002 0.900 + 0.003 30.86 + 4.52 30.06 + 4.08 30.67 + 4.08 15.80 + 1.08 - -
0.900 + 0.013 0.050 + 0.010 - 201.93 + 5.06 206.07 + 5.06 - - 79.59 £ 2.61
0.300 + 0.003 0.600 + 0.003 47.03 + 4.53 47.20 + 4.07 - 22.51 + 1.08 2243 + 1.08 -
0.600 + 0.006 0.300 + 0.006 - 103.16 + 4.60 - 43.92 + 1.08 - -
0.100 + 0.002 0.600 + 0.002 13.13 + 4.52 12.93 + 4.06 12.95 + 4.06 727 + 1.08 - -
0.300 + 0.003 0.400 + 0.003 2248 + 4.52 22.26 + 4.06 22.37 + 4.06 11.52 + 1.08 -
0.600 + 0.006 0.100 =+ 0.006 58.83 + 4.53 58.74 + 4.07 58.74 + 4.07 25.09 + 1.08 -
0.250 + 0.002 0.250 + 0.002 9.61 + 4.52 9.91 + 4.06 9.73 + 4.06 5.35 + 1.08 5.30 + 1.08

313.15 K 323.15 K 333.15 K 343.15 K

wy w, Set A Set A Set A Set A
0.050 + 0.002 0.900 + 0.003 9.02 + 1.04 6.49 + 0.34 4.86 + 0.47 3.76 + 0.46 - -
0.900 + 0.013 0.050 + 0.010 34.90 + 1.04 21.70 + 0.34 14.25 + 0.47 9.76 + 0.46 - -
0.300 + 0.003 0.600 + 0.003 12.01 + 1.04 8.32 + 0.34 6.03 + 0.47 4.50 + 0.46 - -
0.600 =+ 0.006 0.300 =+ 0.006 20.96 + 1.04 13.60 + 0.34 9.33 + 047 6.63 + 0.46 - -
0.100 =+ 0.002 0.600 =+ 0.002 440 + 1.04 3.36 + 0.34 2.57 +£ 047 2.04 + 0.46 - -
0.300 + 0.003 0.400 + 0.003 6.44 + 1.04 4.73 + 0.34 3.51 + 047 2.70 + 0.46 - -
0.600 + 0.006 0.100 =+ 0.006 12.15 + 1.04 8.18 + 0.34 5.75 + 047 4.15 + 0.46 -
0.250 + 0.002 0.250 + 0.002 325 + 1.04 2.46 + 0.34 1.92 + 047 1.55 + 0.46

353.15 K

w, Wy Set A (1) Set A (2) set C
0.050 + 0.002 0.900 + 0.003 2.96 + 0.31 298 + 0.31 -
0.900 + 0.013 0.050 + 0.010 6.96 + 0.31 6.96 + 0.31 - - - -
0.300 + 0.003 0.600 + 0.003 3.47 £ 031 347 £ 031 347 £ 031 - - -
0.600 + 0.006 0.300 =+ 0.006 4.89 + 0.31 4.88 + 0.31 - -
0.100 =+ 0.002 0.600 =+ 0.002 1.66 + 0.31 1.66 + 0.31 - -
0.300 + 0.003 0.400 + 0.003 212 + 031 213 £ 031 - -
0.600 + 0.006 0.100 =+ 0.006 3.10 +£ 0.31 3.13 £ 031 - -
0.250 + 0.002 0.250 + 0.002 125 + 0.31 1.26 + 031 1.26 + 0.31 - - -

“Weight fractions and viscosities are reported with their expanded uncertainties (0.95 level of confidence). Expanded uncertainties not included

above are U(T) = 0.02 K and U(p) = 0.0030 MPa.

250
260
200 . 280
L
Lo 300
& 150 P .
o -7 320 ¥
E I =
=100 B ° 340
P
oy
sof _--T 360
380
0
0.0 0.2 0.4 0.6 0.8 1.0

Wy

Figure 4. Binary data set of viscosities for {MDEA (1) + MEG (2)} and
estimations generated by the NRTL-DVIS model. The temperature at
which each experimental point (solid circle) was measured is color-
coded by the bar on the right side. The temperatures at which the
estimates were made were 283.15 K (dark-blue dashed line), 298.15 K
(capri-blue dashed line), 313.15 K (aqua dashed line), 323.15 K (green
dashed line), 333.15 K (lime-green dashed line), 343.15 K (yellow
dashed line), and 353.15 K (orange dashed line).

and the temperature, whereas Figure 6a shows that the model
may underestimate the viscosities of binary MDEA—water sys-
tems and ternary systems at somewhat higher viscosities (noticed
by the scatter of green asterisk and purple open diamond above
the zero line).

Table 11. Parameters and Results for the Fittings of the Vogel
Equation

parameter MDEA MEG
A —4.3997 —3.8670
B 13022 1087.1
[¢ 148.94 135.50
AARD (%) 1.10 247
MAD (mPa s) 3.76 246

3.3. Excess Properties. To further understand the molec-
ular interactions of the system MDEA—MEG—H,O, we calcu-
lated the excess molar volume v* and viscosity deviations A7 of
the mixtures from the experimental results. For the calculation of
excess molar volume v¥, we used eq 4. The calculated excess
molar volumes and their uncertainties are shown in Table 14
and Figure 7 for MDEA—MEG and in Table 15 for MDEA—
MEG-H,0.

For the binary system, excess molar volumes are negative in
the whole range of compositions and temperatures studied in
this work. Volume reduction upon mixing indicates the presence
of charge-transfer and complex-forming interactions between
MDEA and MEG, whereas it can also be the result of structural
effects such as interstitial accommodation.*®®> Both MDEA and
MEG are polar molecules; therefore, dipole—dipole interactions
should be present between the partial negative charge of one

5424 DOI: 10.1021/acs.jced.9b00607
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Figure 5. Experimental single-component viscosity of MDEA both
obtained in the literature (red open triangle up) and as produced
in this work (red O filled in gray) and of MEG both obtained in the
literature (blue open triangle up) and as produced in this work
(blue circle filled in gray), and corresponding estimations with the
Vogel equation for MDEA (red dashed line) and MEG (blue
dashed line).

Table 12. Parameters and Results for the Aspen Liquid
Mixture Viscosity Model Fitted for the Global Data Set

Parameters of the Aspen Liquid Mixture Viscosity Model
(1 = MDEA, 2 = MEG, 3 = Water)

i 2.59783 i —1.37707 ay 0.02792
by, —0.42333 by 0.53470 by —0.16100
tn 274959 b —0.10402 by 024937
dy, —0.98385 diy —0.32799 dy 0.10408
Fitting Results in Terms of Binary Data Sets
MDEA-MEG MDEA—water MEG—water
AARD (%) 241 AARD (%) 655  AARD (%) 222
MAD (mPas) 677 MAD (mPas) 1664 MAD (mPas) 228
Fitting Results in Terms of the Global Data Set
AARD (%) 439
MAD (mPa s) 16.64

Table 13. Parameters and Results for the NRTL-DVIS
Equation Fitted for the Global Data Set

Parameters of the NRTL-DVIS Model (1 = MDEA, 2 = MEG, 3 = Water)

G —0.75876 an —24116 by 002129
iy 0.34081 ay —0.81471 iy 5.4190
by, 442.83 by 1710.7 bys —46.130
by —244.71 by —180.36 by, 6636.7
a; = a=0.3; R = 648803
Fitting Results in Terms of Binary Data Sets
MDEA-MEG MDEA—water MEG—water
AARD (%) 183 AARD (%) 298  AARD (%) 2.64
MAD (mPas) S.19 MAD (mPas) 9.69 MAD (mPas) 2.1S
Fitting Results in Terms of the Global Data Set
AARD (%) 297
MAD (mPas) 12.62

molecule and the partial positive charge of another molecule.
Additionall{y, autoprotolysis of MEG is reported in the
literature®>** in the presence of MDEA, implying the breakage
of the hydrogen bonding as a MEG molecule is losing its proton.
In this case, dipole-ion forces between MDEA, which acts as an
electron donor, and the cations formed from MEG autoprotol-
ysis would appear. A minimum seems to occur between x, = 0.4
and 0.5 (w, = 0.82 and w, = 0.87), indicating that these attractive
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intermolecular forces are the strongest when the molar ratio
between MDEA and MEG is close to 1:1.

As far as the temperature effect is concerned, Figure 7 shows
that the deviations from ideality become smaller when the
temperature increases. This is expected and can be explained by
the increase of the kinetic energy and weakening of the inter-
molecular forces at higher temperatures. In some cases, the calcu-
lated excess volumes at different temperatures overlap. However, a
closer look at the uncertainties listed in Table 14 reveals that the
observed overlaps lie within the uncertainty. Details about the
uncertainty analysis of the excess molar volumes can be found in
the Supporting Information.

The excess molar volumes for the ternary system are also
negative, as one could speculate given the negative deviations
observed for the binary subsystems. Negative excess volumes
have been reported for MEG—H,0 by several research-
ers,”¥*>?% with the exception of Yang et al.”>* who reported
positive v¥ at T = 313.15-353.15 K and w, = 0.1 and 0.2.
However, one would expect that the miscibility of the mixture
and the known affinity of MEG for water would lead to negative
excess molar volumes. As mentioned earlier, the excess volume is
a contribution of both intermolecular forces and structural
effects. For the MEG—H,O system, the dominating attractive
intermolecular forces due to the polarity of the molecules
contribute to negative v*. In addition, the structure of the water
molecule has cavities due to its hydrogen bonds; therefore, it is
expected that these empty spaces will be filled partially by other
molecules, such as MEG and MDEA, leading also to negative
excess volumes.®"*>%® Negative deviations from ideality have
also been reported for the MDEA—H,O system.'”'* The MDEA
protonation reaction with water is known in the literature,’
resulting in the formation of strong hydrogen bonds in the
mixture. Therefore, higher compactness is expected for the
MDEA—H,O system in comparison with MEG—H, O due to its
strong hydrogen bonding. This is confirmed by the magnitude of
their excess molar volumes; at 313.15 K, for example, the
minimum v* is ca. —1.2 cm® mol™ for MDEA—H,0 and
ca. —0.3 cm® mol™! for MEG—H,O. The extreme minimum of
—1.2 cm® mol ™" appears at the amine mole fraction close to x; =
0.3 (w, = 0.75), which is reflected in the previously mentioned
maximum in density, observed at the same mole fraction for
MDEA~—H,0O mixtures. Therefore, the negative excess volumes
for the ternary system would be the result of mainly the dipole-
ion forces between MDEA and MEG and hydrogen bonds
between MDEA and water.

As mentioned in Section 2.3, the viscosity deviations were
calculated according to eqs 12 and 13. Calculation results and
viscosity deviation uncertainties are shown in Table 16 and
Figure 8 for MDEA—MEG and in Table 17 for MDEA-MEG—
H,O.

The viscosity deviations for the binary systems MDEA—H,O,
MEG-H,0, and MDEA—-MEG and the ternary system
MDEA—-MEG-H,0 are positive according to the literature
and the additional findings of this work. The positive viscosity
deviations from ideality are expected based on the observed
negative molar volumes, which indicate the presence of strong
molecular interactions between these three chemical com-
pounds, as discussed earlier. The strong hydrogen bonds in
MDEA—-H,O0 and dipole-ion forces in MDEA—MEG hinder the
fluid to flow, leading to a viscosity increase with MDEA concen-
tration, as observed in Figures S4 (Supporting Information) and 4,
respectively. The former system exhibits a viscosity increase with
amine content up to approximately 95 wt % (x; = 0.75)."*

DOI: 10.1021/acs jced.9b00607
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Figure 6. Deviations in terms of differences between experimental and estimated viscosities divided by experimental viscosities regarding estimations
made with the NRTL-DVIS model, and how they vary with the experimental viscosities themselves (a) and with temperature (b). The data sets are
distributed in terms of pure MDEA data (red open circle), pure MEG data (orange plus), binary MDEA—water data (green asterisk), binary MEG—
water data (cyan cross), binary MDEA—MEG data (blue open square), and ternary data (purple open diamond).

Table 14. Excess Molar Volumes v*/cm® mol ™" for {MDEA (1) + MEG (2)} as a Function of Weight Fraction w and Temperature

T at Pressure p = 0.1020 MPa“

v%/cm® mol™!

wy T=28315K T=29815K T=313.15K T=32315K
0.000 0.000 0.000 0.000 0.000
0.300 + 0.003 —0.267 + 0.007 —0.247 £ 0.008 —0.255 + 0.009 —0.268 + 0.006
0.400 + 0.003 —0.326 + 0.008 —0.319 £ 0.008 —0.326 + 0.008 —0.335 + 0.006
0.500 + 0.004 —0.367 + 0.009 —0.357 £ 0.009 —0.363 + 0.009 —0.374 + 0.007
0.700 + 0.006 —0.386 + 0.012 —0.368 + 0.011 —0.368 + 0.011 —0.373 £ 0.010
0.800 + 0.008 —0.336 + 0.014 —0.307 £ 0.013 —0.307 £ 0.012 —0.306 + 0.012
0.900 + 0.009 —0.241 £ 0.018 —0.192 + 0.018 —0.187 £ 0.017 —0.182 + 0.017
1.000 + 0.011 0.000 0.000 0.000 0.000
wy T=33315K T=343.1SK T=353.15K

0.000 0.000 0.000 0.000

0.300 + 0.003 —0.246 + 0.004 —0.237 £ 0.004 —0.230 + 0.004

0.400 + 0.003 —0.307 + 0.004 —0.308 + 0.004 —0.295 + 0.004

0.500 + 0.004 —0.351 + 0.006 —0.341 + 0.006 —0.328 + 0.006

0.700 + 0.006 —0.354 + 0.009 —0.341 £ 0.009 —0.326 + 0.009

0.800 + 0.008 —0.293 + 0.011 —0.281 + 0.011 —0.264 + 0.010

0.900 + 0.009 —0.172 £ 0.016 —0.174 £ 0.016 —0.155 £ 0.017

1.000 + 0.011 0.000 0.000 0.000

“Weight fractions and excess molar volumes are reported with their expanded uncertainties (0.95 level of confidence). Expanded uncertainties not
included above are U(T) = 0.02 K and U(p) = 0.0030 MPa.

-0.15

-0.25

this point, the abundance of amines or unavailability of water to
protonate the amine could lead to a greater contribution from
the rest of the forces present in the system.

The temperature increase results in lower viscosity deviations

VvE 1 em®.mol™!

-0.35
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Figure 7. Excess molar volumes for {MDEA (1) + MEG (2)} as a
function of molar fraction and at temperatures 283.15 K (dark-blue
points), 298.15 K (capri-blue points), 313.15 K (aqua points), 323.15 K
(green points), 333.15 K (lime-green points), 343.15 K (yellow points),
and 353.15 K (orange points).

It is possible that until this point, the attractive hydrogen bonds
predominate over the weaker molecule/ionlike forces. After
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due to the weakening of the intermolecular forces. Moreover, it
is observed that, unlike in the case of excess volumes of MDEA—
MEG where the minima were found at constant amine concen-
tration between x; = 0.4 and 0.5 for all temperatures studied in
this work, the viscosity deviation maxima seem to appear at
around x; = 0.5 and shift at higher mole fractions as the
temperature decreases. In addition, there is a mismatch between
the amine concentration at which the min v* and max Az appear.
This mismatch has also been observed for the binary MDEA—
H,0. According to Yin et al.'"* and Sathyanarayana et al,"” this
behavior can be explained by the effects based on the shape, size,
and structure of the molecules, which are able to dominate over
the intermolecular effects and even reverse the sign of the
viscosity deviation.

The density and viscosity models developed in this work serve
as an assessment tool for the successful employment of the

DOI: 10.1021/acs.jced.9b00607
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Table 15. Excess Molar Volumes v*/cm? mol ™" for {MDEA (1) + MEG (2) + Water (3)} as a Function of Weight Fraction w and

Temperature T at Pressure p = 0.1020 MPa“

vE/em® mol ™

w, w, T =283.15 K T = 298.15 K T =313.15 K T =323.15K
0.050  0.002 0.900 + 0.003 —0.210 =+ 0.008 —0.181 + 0.009 ~0.179 + 0.006 —0.211 + 0.020
0.900 + 0.013 0.050 + 0.010 —0.707 + 0.021 —0.670 + 0.023 —0.657 + 0.019 —0.674 + 0.039
0.300 + 0.003 0.600 + 0.003 —0.571 + 0.007 —0.533 = 0.009 —0.514 + 0.005 —0.533 + 0.019
0.600 + 0.006 0.300 + 0.006 —0.856 + 0.012 —0.815 + 0.013 —0.792 + 0.010 —0.801 =+ 0.024
0.100 + 0.002 0.600 + 0.002 —0.508 + 0.004 —0.455 + 0.005 —0.421 + 0.002 —0.407 + 0.012
0.300 + 0.003 0.400 + 0.003 ~0.724 % 0.005 —0.666 + 0.006 —0.633 = 0.004 —0.613 + 0.012
0.600 + 0.006 0.100 + 0.006 ~1.089 + 0.007 —1.026 + 0.008 —0.985 + 0.005 —0.969 + 0.015
0250 + 0.002 0250 + 0.002 —0.570 + 0.003 —0.512 + 0.004 —0.489 + 0.003 —0.466 + 0.009

w, w, T=333.15K T =343.15 K T =353.15K
0.050 =+ 0.002 0.900 + 0.003 —0.179 + 0.024 —0.180 + 0.024 —0.191 =+ 0.032
0.900 + 0.013 0.050 + 0.010 —0.667 = 0.046 —0.659 =+ 0.045 —0.648 = 0.059
0.300 + 0.003 0.600 + 0.003 —0.504 =+ 0.022 —0.500 = 0.022 —0.497 + 0.029
0.600 + 0.006 0.300 + 0.006 —0.783 + 0.028 —0.765 =+ 0.027 —0.751 + 0.036
0.100 = 0.002 0.600 =+ 0.002 —0.395 + 0.014 —0.379 + 0.014 —0.372 + 0.018
0.300 + 0.003 0.400 + 0.003 —0.608 = 0.015 —0.590 + 0.014 —0.573 % 0.019
0.600 =+ 0.006 0.100 + 0.006 —0.940 + 0.018 —0.913 + 0.018 —0.887 + 0.024
0.250 =+ 0.002 0.250 =+ 0.002 —0.466 + 0.011 —0.456 + 0.011 —0.441 + 0.014

“Weight fractions and excess molar volumes are reported with their expanded uncertainties (0.9 level of confidence). Expanded uncertainties not

included above are U(T) = 0.02 K and U(p) = 0.0030 MPa.

Table 16. Viscosity Deviations Anp/mPa s for {MDEA (1) + MEG (2)} as a Function of Weight Fraction w and Temperature T at

Pressure p = 0.1020 MPa“

An/mPa s
wy T =283.15K T=29815K T=313.15K T=32315K
0.000 0.00 0.00 0.00 0.00
0.300 + 0.003 17.34 + 4.01 7.82 + 1.36 3.63 +0.82 2.36 + 0.50
0.400 + 0.003 27.03 + 4.06 1132 + 1.37 5.02 + 0.97 3.22 +0.50
0.500 + 0.004 37.45 £ 5.09 14.97 + 1.68 6.54 + 0.83 4.04 + 0.50
0.700 + 0.006 19.30 + 2.87 8.10 £ 0.91 4.80 + 0.51
0.800 + 0.008 5226 + 6.24 19.83 + 3.02 7.38 £ 1.03 445 +0.54
0.900 + 0.009 35.98 + 8.99 11.06 + 3.69 5.10 + 1.13 3.04 £ 0.69
1.000 + 0.011 0.00 0.00 0.00 0.00
wy T=33315K T=343.15K T=35315K

0.000 0.00 0.00 0.00

0.300 + 0.003 144 £ 043 0.94 + 0.64 0.69 + 0.28

0.400 + 0.003 1.93 £ 0.57 1.29 + 0.64 091 + 0.37

0.500 + 0.004 242 +0.57 1.59 £ 0.63 1.09 + 0.37

0.700 + 0.006 2.86 + 0.56 1.85 £ 0.61 1.24 £ 0.36

0.800 + 0.008 2.65 + 0.57 1.65 £ 0.61 1.11 £ 035

0.900 + 0.009 1.71 + 0.49 1.07 £ 0.64 0.74 + 0.26

1.000 + 0.011 0.00 0.00 0.00

“Weight fractions and viscosity deviations are reported with their expanded uncertainties (0.95 level of confidence). Expanded uncertainties not

included above are U(T) = 0.02 K and U(p) = 0.0030 MPa.

binary MDEA—MEG or the ternary MDEA—MEG—H,O sys-
tems at various temperature conditions. An example is the use of
the developed viscosity model to construct viscosity contour
plots, such as Figure 9, to identify the viscosity limits for oper-
ational reasons in a specific process. To read Figure 9, one can
directly find the weight fraction of MEG in the X axis and the
weight fraction of MDEA in the Y axis so that the remainder of
the mass will be assigned to water. In X = Y = 0, therefore, what is
seen is the viscosity of pure water.

If one is concerned with avoiding a certain limiting viscosity
when employing a MDEA—MEG—H,O solution, for example,
200 mPa s at 278.15 K, Figure 9 shows that systems with more
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than 80 wt % MDEA approach or even exceed the viscosity
specification and are not suitable. Alternatively, if one wants to
find the viscosity of an 80 wt % MDEA—15 wt % MEG—S5 wt %
H,O, one should read 80 in the Y axis and 15 in the X axis and
find their viscosity at the point their imaginary lines intersect.
At 288.15 K however, any composition for the ternary system
respects the viscosity limit of 200 mPa s.

In addition, similar to the observations made for the aqueous
MDEA exhibiting the maximum viscosity at approximately 95 wt %
MDEA, experimentally determined viscosities for the ternary
system 90 wt % MDEA—S wt % MEG—35 wt % H,O are also
higher than those for the pure amine at temperatures lower than

DOI: 10.1021/acs.jced.9b00607
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Figure 8. Viscosity deviations Az for {MDEA (1) + MEG (2)} as a
function of molar fraction and at temperatures 283.15 K (dark-blue
points), 298.15 K (capri-blue points), 313.15 K (aqua points), 323.15 K
(green points), 333.15 K (lime-green points), 343.15 K (yellow points),
and 353.15 K (orange points).

313.15 K. Therefore, the addition of water as a means of reduc-
ing the viscosity, for example, to reach the viscosity specifications,
should be used cautiously and after advising Figure 9. Naturally,
knowing that the NRTL-DVIS model is underestimating the
viscosities of MDEA-rich solutions, some additional attention
should be paid. Overall, the models have been checked at tem-
peratures outside the temperature range they were developed at,
and it is observed that they are able to capture the trends for both
density and viscosity. However, since the model is not validated
outside the 283.15—353.15 K range as there are no experimental
data available for the systems MDEA—MEG and MDEA—
MEG—H,0, any extrapolation must be performed with caution.

4. CONCLUSIONS

New density and viscosity data were obtained for the sys-
tems MDEA—MEG and MDEA-MEG—H,0 at temperature

Table 17. Viscosity Deviations Azj/mPa s for {MDEA (1) + MEG (2) + Water (3)} as a Function of Weight Fraction w and

Temperature T at Pressure p = 0.1020 MPa“

An/mPa s
wy w, T =283.15K T =298.15K T=313.1SK T=323.15K
0.050 + 0.002 0.900 + 0.003 9.13 +2.75 4.50 + 1.16 243 + 1.10 1.73 £ 0.40
0.900 + 0.013 0.050 + 0.010 154.38 + 6.08 5722 + 3.18 12.53 + 2.10 13.63 + 0.59
0.300 + 0.003 0.600 + 0.003 31.30 + 3.11 14.00 £+ 0.79 3.54 + 1.06 4.62 £ 0.36
0.600 + 0.006 0.300 + 0.006 84.45 + 4.11 3427 + 1.11 1131 + 1.07 9.53 £0.35
0.100 + 0.002 0.600 + 0.002 8.10 + 2.44 429 + 1.08 142 + 1.04 1.82 + 0.34
0.300 + 0.003 0.400 + 0.003 1748 + 2.44 8.57 + 1.08 3.49 + 1.04 3.21 +0.34
0.600 + 0.006 0.100 + 0.006 53.89 +2.44 2220 + 1.08 9.26 + 1.04 6.69 + 0.34
0.250 + 0.002 0.250 + 0.002 7.10 + 2.44 3.63 + 0.76 1.55 + 1.04 1.50 + 0.34
wy wy T =333.15K T =343.1SK T =353.1SK
0.050 + 0.002 0.900 =+ 0.003 115 +0.51 0.86 +0.53 0.65 +0.26
0.900 = 0.013 0.050 = 0.010 8.47 + 057 5.49 +£0.52 3714026
0.300 + 0.003 0.600 + 0.003 3.17 £ 048 225+ 048 1.66 + 0.19
0.600 + 0.006 0.300 + 0.006 6.25 + 0.48 424 + 047 298 +0.22
0.100 + 0.002 0.600 + 0.002 1.34 + 047 1.03 + 0.46 0.81 +0.22
0.300 + 0.003 0.400 + 0.003 2.30 + 047 1.71 £ 0.46 129 +0.22
0.600 + 0.006 0.100 + 0.006 4.59 + 047 3.20 + 0.46 2.32+022
0.250 + 0.002 0.250 + 0.002 1.15 + 0.47 0.90 + 0.46 0.70 + 0.18

“Weight fractions and viscosity deviations are reported with their expanded uncertainties (0.95 level of confidence). Expanded uncertainties not

included above are U(T) = 0.02 K and U(p) = 0.0030 MPa.
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Figure 9. Viscosity plots for MDEA—MEG—water ternary mixtures at four different temperatures (278.15, 283.1S, 288.15, and 293.15 K). The

viscosity values are color-coded by the bar on the right side.
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T = 283.15—353.15 K due to the potential application of the
mixture for the combined H,S removal and hydrate control
in natural gas processing. The measurements showed good
repeatability and reproducibility, and the excess molar volume
and viscosity deviations upon mixing were calculated. Negative
excess molar volumes and positive viscosity deviations indicated
the strong nonideality of the mixtures at the studied composi-
tions and temperatures. Density has been modeled successfully
using the NRTL-DVOL model, exhibiting AARDs lower than
0.4%. The Aspen liquid mixture viscosity model and the NRTL-
DVIS model were employed for the estimation of the viscosity
data obtained in this work. They both perform satisfactorily,
with the latter yielding slightly better results. The results for the
parametrization of the NRTL-DVIS model showed AARDs
lower than 3%.

B ASSOCIATED CONTENT

© Supporting Information
The Supporting Information is available free of charge at
https://pubs.acs.org/doi/10.1021/acs.jced.9b00607.

Experimental and predicted densities with the NRTL-
DVOL model; experimental and predicted viscosities
with the NRTL-DVIS model; experimental and predicted
viscosities with the Aspen liquid mixture viscosity model;
uncertainty analysis (PDF)

H AUTHOR INFORMATION

Corresponding Author

*E-mail: hanna.knuutila@ntnu.no.

ORCID

Hanna K. Knuutila: 0000-0003-2057-1743

Author Contributions

The manuscript was written through contributions of all
authors. All authors have given approval to the final version of
the manuscript.

Funding

This work was carried out as a part of Subsea Production and
Processing (SUBPRO), a Research-based Innovation Centre
within Subsea Production and Processing. The authors
gratefully acknowledge the financial support from SUBPRO,
which is financed by the Norwegian University of Science and
Technology (NTNU), major industry partners, and the
Research Council of Norway (RCN) under project number
237893. The authors also acknowledge the financial support
from the Faculty of Natural Sciences of NTNU.

Notes

The authors declare no competing financial interest.

B NOMENCLATURE

Symbols

ay by ¢y dj Gy, ky, binary parameters for the density and

by a7 viscosity models (DVOL, DVIS, and
Aspen liquid mixture viscosity models)

A, B, C; single-component parameters for the

individual density and viscosity models
(Rackett and Vogel)
MW, molar weight of component i (kg mol)

NC number of components

NP number of points

P pressure (Pa)

P critical pressure of component i (Pa)
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Py reduced pressure of component i

R ideal gas constant (m® Pa K™' mol™")

T temperature (K)

Tc,; critical temperature of component i (K)

T,; reduced temperature of component i

v, molar volume of component i (m® mol™)

vE excess molar volume of a mixture (m® mol™")

Zpai compressibility factor of component i as
obtained by the Rackett equation

w; mass fraction of component i in a mixture

x; molar fraction of component i in a mixture

Greek Letters

Ay viscosity deviation (mPa s)

n viscosity (mPa s)

1;  viscosity of single component i (mPa s)

fl;  binary parameter for the Aspen liquid mixture viscosity
model (mPa s)

n®  excess viscosity (mPa s)

p density (kg m™3)

p;  density of single component i (kg m™)

@0 water fluidity (p™')

Other Notations

accent, e.g,, J estimated variable, not measured
bold, e.g, y  variable is an array of variables
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A. EXPERIMENTAL AND PREDICTED DENSITIES WITH NRTL-DVOL MODEL
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Figure S1. Binary data-set of densities for MDEA (1) — water (3) mixtures and estimations
generated by the NRTL-DVOL model. The temperature in which each experimental point (@) was
measured is color-coded by the bar on the right side. The temperatures in which the estimates were
made were 283.15 K (dark blue dashed line), 293.15 K (denim blue dashed line), 303.15 K (light
blue dashed line), 313.15 K (aqua dashed line), 323.15 K (green dashed line), 333.15 K (lime green

dashed line), 343.15 K (yellow dashed line) and 353.15 K (orange dashed line).
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Figure S2. Binary data-set of densities for MEG (2) — water (3) mixtures and estimations generated
by the NRTL-DVOL model. The temperature in which each experimental point (@) was measured
is color-coded by the bar on the right side. The temperatures in which the estimates were made
were 283.15 K (dark blue dashed line), 293.15 K (denim blue dashed line), 303.15 K (light blue
dashed line), 313.15 K (aqua dashed line), 323.15 K (green dashed line), 333.15 K (lime green

dashed line), 343.15 K (yellow dashed line) and 353.15 K (orange dashed line).

These figures do not show data obtained at temperatures below 283.15 K nor above 353.15 K,
although such data points were employed in the parametrization. Remarkably, the scatter of binary

MEG-water density data exhibited in Figure S2 (more evident at high temperatures such as 343.15



K and 353.15 K) is one of the main reasons for the worse performance of the NRTL-DVOL model
in this scenario. The relatively large amount of data at higher temperatures, where data gathering

is certainly more difficult and prone to uncertainties, could be another cause for deviations.
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Figure S3. Density plots for MDEA-MEG-water ternary mixtures in four different temperatures
(293.15 K, 313.15 K, 333.15 K and 353.15 K). The density values are color-coded by the bar on

the right side.

The ability of the model to estimate the density and describe its behavior with temperature and
composition is perceptible by the p-w-T graphs for the binary system. This is not possible by the
figures generated for the ternary system, therefore the modelled values and Absolute Relative

Deviations (ARDs) are provided in Table S1 below.



Table S1: Experimental and Predicted Values of Density p / kg-m™ for {MDEA (1) + MEG (2) +

Water (3)}
T/K wi w2 p/kg'm? p/kgm? ARD%
283.15 0.050+£0.002 0.900 +0.003 1114.1 1112.0 0.19
0.900£0.013  0.050+0.010 1057.6 1055.3 0.21
0.300+0.003  0.600 = 0.003 1096.6 1094.8 0.17
0.600 = 0.006  0.300 £+ 0.006 1078.5 1078.2 0.03
0.100+0.002  0.600 + 0.002 1090.1 1086.7 0.31
0.300+0.003  0.400 +0.003 1081.2 1080.3 0.09
0.600 = 0.006  0.100 + 0.006 1067.8 1065.1 0.26
0.250+0.002  0.250 +0.002 1061.0 1062.9 0.18
298.15  0.050+0.002 0.900 +0.003 1103.7 1100.9 0.25
0.900+0.013  0.050+0.010 1046.3 1045.4 0.08
0.300+0.003  0.600 +0.003 1086.1 1084.3 0.16
0.600 = 0.006  0.300 + 0.006 1067.6 1068.3 0.06
0.100+0.002  0.600 + 0.002 1080.5 1076.3 0.39
0.300+0.003  0.400 £ 0.003 1071.2 1071.1 0.02
0.600 = 0.006  0.100 + 0.006 1057.4 1056.0 0.12
0.250+0.002  0.250 += 0.002 1052.2 1054.3 0.20
313.15 0.050+0.002 0.900 +0.003 1093.1 1089.6 0.32
0.900+0.013  0.050+0.010 1034.8 1035.0 0.02
0.300+0.003  0.600 +0.003 1075.1 1073.6 0.14
0.600 = 0.006  0.300 £+ 0.006 1056.3 1057.9 0.15
0.100+0.002  0.600 + 0.002 1070.3 1066.1 0.40
0.300+0.003  0.400 = 0.003 1060.9 1061.7 0.08
0.600 +=0.006  0.100 + 0.006 1046.5 1046.5 0.01
0.250+0.002  0.250 += 0.002 1043.2 1045.7 0.24
323.15 0.050+0.002 0.900 £ 0.003 1086.4 1082.0 0.40
0.900+0.013 0.050+0.010 1027.5 1027.8 0.03
0.300+0.003  0.600 = 0.003 1068.2 1066.3 0.17
0.600 = 0.006  0.300 + 0.006 1049.1 1050.8 0.16
0.100+0.002  0.600 + 0.002 1063.4 1059.3 0.39
0.300+0.003  0.400 = 0.003 1053.8 1055.3 0.14
0.600 = 0.006  0.100 + 0.006 1039.4 1040.0 0.05



0.250+0.002  0.250 £ 0.002 1036.6 1039.8 0.31
333.15 0.050+£0.002  0.900 +0.003 1079.1 1074.2 0.46
0.900+0.013  0.050+0.010 1019.8 1020.3 0.06
0.300+0.003  0.600 + 0.003 1060.7 1058.9 0.17
0.600 £ 0.006  0.300 +0.006 1041.5 1043.4 0.19
0.100+0.002  0.600 + 0.002 1056.7 1052.5 0.40
0.300£0.003  0.400 + 0.003 1047.0 1048.9 0.18
0.600+0.006  0.100 + 0.006 1031.7 1033.1 0.14
0.250+0.002  0.250 £ 0.002 1030.5 1033.8 0.33
343.15 0.050£0.002 0.900 +0.003 1071.8 1066.3 0.52
0.900+0.013  0.050+0.010 1011.9 1012.7 0.07
0.300+0.003  0.600 + 0.003 1053.2 1051.3 0.18
0.600 £ 0.006  0.300 +0.006 1033.6 1035.9 0.22
0.100+£0.002  0.600 + 0.002 1049.4 1045.7 0.36
0.300+0.003  0.400 + 0.003 1039.5 1042.3 0.27
0.600 £0.006  0.100 £ 0.006 1023.7 1026.1 0.23
0.250+0.002  0.250 +£0.002 1023.5 1027.8 0.42
353.15 0.050£0.002  0.900 +0.003 1064.5 1058.2 0.59
0.900+0.013  0.050+0.010 1004.2 1004.8 0.06
0.300£0.003  0.600 +0.003 1045.6 1043.6 0.20
0.600+£0.006  0.300 + 0.006 1025.8 1028.1 0.23
0.100 £0.002  0.600 + 0.002 1042.1 1038.9 0.31
0.300+0.003  0.400 + 0.003 1031.8 1035.6 0.36
0.600£0.006  0.100 +0.006 1015.7 1018.9 0.31
0.250+0.002  0.250 +£0.002 1016.1 1021.5 0.53




B. EXPERIMENTAL AND PREDICTED VISCOSITIES WITH NRTL-DVIS MODEL
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Figure S4. Binary data-set of viscosities for MDEA (1) — water (3) mixtures and estimations
generated by the NRTL-DVIS model. The temperature in which each experimental point () was
measured is color-coded by the bar on the right side. The temperatures in which the estimates
were made were 293.15 K (denim blue dashed line), 303.15 K (light blue dashed line), 313.15 K
(aqua dashed line), 323.15 K (green dashed line), 333.15 K (lime green dashed line), 343.15 K

(yellow dashed line) and 353.15 K (orange dashed line).
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Figure S5. Binary data-set of viscosities for MEG (2) — water (3) mixtures and estimations
generated by the NRTL-DVIS model. The temperature in which each experimental point () was
measured is color-coded by the bar on the right side. The temperatures in which the estimates
were made were 283.15 K (dark blue dashed line), 293.15 K (denim blue dashed line), 303.15 K
(light blue dashed line), 313.15 K (aqua dashed line), 323.15 K (green dashed line), 333.15 K

(lime green dashed line), 343.15 K (yellow dashed line) and 353.15 K (orange dashed line).

The ability of the model to estimate the viscosity and describe its behavior with temperature and
composition is perceptible by the #-w-T graphs for the binary system. This is not possible by the
figures generated for the ternary system, therefore the modelled values and Absolute Relative

Deviations (ARDs) are provided in Table S2 below.



Table S2: Experimental and Predicted Values of Viscosity 77 / mPa-s for {MDEA (1) + MEG (2)

+ Water (3)}
T/K wi w2 n /mPa-s 71 / mPa-s ARD%

283.15 0.050+0.002  0.900 = 0.003 30.53 30.49 0.13
0.900+0.013  0.050+0.010 204.00 195.32 4.25
0.300+0.003  0.600 + 0.003 47.11 45.75 2.89
0.600 £ 0.006  0.300 + 0.006 103.16 90.54 12.23
0.100 +£0.002  0.600 + 0.002 13.00 13.65 5.00
0.300+0.003  0.400 + 0.003 22.37 22.88 2.31
0.600 = 0.006  0.100 + 0.006 58.91 50.84 13.70
0.250+0.002  0.250 + 0.002 9.75 10.76 10.34

298.15  0.050+0.002  0.900 + 0.003 15.80 15.48 2.03
0.900+0.013  0.050+0.010 79.59 73.76 7.32
0.300+0.003  0.600 + 0.003 22.47 21.72 333
0.600 £ 0.006  0.300 + 0.006 43.92 38.73 11.81
0.100 +£0.002  0.600 + 0.002 7.27 7.42 2.10
0.300+0.003  0.400 + 0.003 11.52 11.60 0.72
0.600 £ 0.006  0.100 + 0.006 25.09 23.10 7.95
0.250+0.002  0.250 + 0.002 533 5.92 11.07

313.15  0.050+0.002  0.900 £ 0.003 9.02 8.82 2.24
0.900+0.013  0.050+0.010 34.90 33.00 5.44
0.300+0.003  0.600 + 0.003 12.01 11.69 2.65
0.600 £ 0.006  0.300 + 0.006 20.96 19.10 8.85
0.100 +£0.002  0.600 + 0.002 4.40 4.48 1.78
0.300+0.003  0.400 + 0.003 6.44 6.58 2.24
0.600 £ 0.006  0.100 + 0.006 12.15 11.86 2.36
0.250+0.002  0.250 + 0.002 3.25 3.59 10.41

323.15 0.050+£0.002 0.900 + 0.003 6.49 6.37 1.87
0.900+0.013  0.050+0.010 21.70 20.77 4.30
0.300+0.003  0.600 + 0.003 8.32 8.16 1.94
0.600 +£0.006  0.300 + 0.006 13.60 12.67 6.80
0.100 £ 0.002  0.600 + 0.002 3.36 3.35 0.28
0.300+0.003  0.400 + 0.003 4.73 4.73 0.05
0.600 +£0.006  0.100 + 0.006 8.18 8.02 2.00



0.250+0.002  0.250 +£0.002 245 2.68 9.35
333.15 0.050+£0.002  0.900 +0.003 4.86 4.76 2.11
0.900+0.013  0.050+0.010 14.25 13.70 3.86
0.300+0.003  0.600 + 0.003 6.03 5.90 2.06
0.600 £ 0.006  0.300 +0.006 9.33 8.75 6.19
0.100+0.002  0.600 + 0.002 2.57 2.58 0.19
0.300£0.003  0.400 + 0.003 3.51 3.51 0.05
0.600+0.006  0.100 + 0.006 5.75 5.60 2.57
0.250+0.002  0.250 £ 0.002 1.92 2.06 7.11
343.15 0.050£0.002  0.900 +0.003 9.76 3.65 62.57
0.900+0.013  0.050+0.010 3.76 9.41 150.61
0.300+0.003  0.600 + 0.003 4.50 4.40 2.26
0.600 £ 0.006  0.300 = 0.006 6.63 6.25 5.72
0.100+£0.002  0.600 + 0.002 2.04 2.03 0.52
0.300+0.003  0.400 + 0.003 2.70 2.67 1.03
0.600£0.006  0.100 £ 0.006 4.15 4.03 2.97
0.250+0.002  0.250 +£0.002 1.55 1.62 4.56
353.15 0.050£0.002  0.900 + 0.003 2.97 2.87 3.24
0.900+0.013  0.050+0.010 6.96 6.69 3.79
0.300£0.003  0.600 +0.003 3.47 3.37 2.95
0.600+£0.006  0.300 + 0.006 4.88 4.59 5.94
0.100 £0.002  0.600 + 0.002 1.66 1.64 1.33
0.300+0.003  0.400 + 0.003 2.13 2.08 2.21
0.600£0.006  0.100 +0.006 3.12 297 4.79
0.250+0.002  0.250 +£0.002 1.26 1.29 2.97




C. EXPERIMENTAL AND PREDICTED VISCOSITIES WITH ASPEN LIQUID MIXTURE

VISCOSITY MODEL
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Figure S6. Deviations in terms of differences between experimental and estimated viscosities
divided by experimental viscosities regarding estimations made with the Aspen liquid mixture

viscosity model, and how they vary with the experimental viscosities themselves (a) and with

temperature (b). The data-sets are distributed in terms of pure MDEA data (red o), pure MEG data
(orange +), binary MDEA-water data (green *), binary MEG-water data (cyan x), binary MDEA-

MEQG data (blue 0) and ternary data (purple 0).
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Figure S7. Binary data-set of viscosities for MDEA (1) — water (3) mixtures and estimations
generated by the Aspen liquid mixture viscosity model. The temperature in which each
experimental point (@) was measured is color-coded by the bar on the right side. The temperatures
in which the estimates were made were 293.15 K (denim blue dashed line), 303.15 K (light blue
dashed line), 313.15 K (aqua dashed line), 323.15 K (green dashed line), 333.15 K (lime green
dashed line), 343.15 K (yellow dashed line) and 353.15 K (orange dashed line).
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Figure S8. Binary data-set of viscosities for MEG (2) — water (3) mixtures and estimations
generated by the Aspen liquid mixture viscosity model. The temperature in which each
experimental point (@) was measured is color-coded by the bar on the right side. The temperatures
in which the estimates were made were 283.15 K (dark blue dashed line), 293.15 K (denim blue
dashed line), 303.15 K (light blue dashed line), 313.15 K (aqua dashed line), 323.15 K (green
dashed line), 333.15 K (lime green dashed line), 343.15 K (yellow dashed line) and 353.15 K

(orange dashed line).
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Figure S9. Binary data-set of viscosities for MDEA (1) — MEG (2) mixtures and estimations
generated by the Aspen liquid mixture viscosity model. The temperature in which each
experimental point (@) was measured is color-coded by the bar on the right side. The temperatures
in which the estimates were made were 283.15 K (dark blue dashed line), 298.15 K (capri blue
dashed line), 313.15 K (aqua dashed line), 323.15 K (green dashed line), 333.15 K (lime green
dashed line), 343.15 K (yellow dashed line) and 353.15 K (orange dashed line).



D. UNCERTAINTY ANALYSIS
Uncertainty of Composition
1. Expressed in weight basis (weight fraction, w)

a. Binary system, where MDEA (1) and MEG (2).
The standard uncertainty of the weight fractions of a binary mixture is the same for each
component. Given that the weight fraction is given by:

m

Wy = ——— 1
1 m1+m2 ()

where m: mass. Using the Law of propagation of uncertainty, the uncertainty in weight fractions
is defined as:

_ (6w1)2 + <0w1)2 )
uw) = (G0) wm) +(5.0) wom) - @

2

The uncertainty is found:

u) = ulw) = ulwy) = o it @

where u(m) is the uncertainty of the mass.

b. Ternary system, where MDEA (1), MEG (2) and H20 (3).
Similarly, the uncertainty of the weight fractions of a ternary system are found to be:

u(m)
u(wy) = Tt m, +my)? \/2 mi + (my +m3)?  (4)
un) = ot a3 4t mt (9)
u(ws) = % \/2 m3 + (my + my)?  (6)



2. Expressed in molar basis (mole fraction, x)

a. Binary system, where MDEA (1) and MEG (2).
The standard uncertainty of the molar fractions of a binary mixture is the same for each component.
Given that the molar fraction is:

my
M, m;M
X1 = m 1m = 2 (7)
_1+_2 m1M2 + szl
M; M,

where m: mass and M: molecular weight, following the same methodology as before, the
uncertainty is found to be:

MM,

G + e O ©)

u(x) = ulxy) =

b. Ternary system, where MDEA (1), MEG (2) and H20 (3).
The uncertainty of the molar fractions of a ternary system found to be:

u(m)
(mqMyM3 + myM; M + mzM; My)? ™

u(xy) =

---\/(sz1M2M32 +maM; M3 M3)? + (myM;M,M3)? + (m;M; M3M3)?  (9)

u(m)
(myM; M3 + myMy My + m3M; M;)2 ™

u(xy) =

---\/(mlMleMi +mgMf MyM3)? + (my My MaM3)?% + (myM{MZM3)?  (10)

u(m)
(my My M3 + myMy Mg + m3M; My)2 ™

u(xz) =

...J(m1M1M§M3 +myMIMyM3)? + (mgM; M3 M3)? + (mgM7M3)? (11)

The combined standard uncertainty of the mass includes both the accuracy of the scale,
Useqre(M) = 11076 kg, and the purity of the chemicals used. It is calculated by the equation:

u(m) = \/ugcale (m) + urz)urity,i(m) (12)



U purity (M) is calculated for each component, and it is equal to a /v/3 assuming uniform distribution
is followed, given that no further information is available. The numerator, a, is the maximum
deviation from the measured value, i.e. purity%-mass. Therefore, for each system a different u(m)
is estimated. It is assumed that the water used in this work is 100% pure.

The calculated uncertainties are presented in Table S3 and Table S4.

Table S3: Composition in Weight Fraction w and Molar Fraction x and their Standard
Uncertainties for {MDEA (1) + MEG (2)}

wi  u(wi) =u(ws) xt u(x1) = u(x2)
0.000 0.000 0.000 0.000
0.300 0.001 0.183 0.001
0.400 0.002 0.258 0.001
0.500 0.002 0.342 0.002
0.700 0.003 0.549 0.004
0.800 0.004 0.676 0.005
0.900 0.005 0.824 0.008
1.000 0.006 1.000 0.011

Table S4: Composition in Weight Fraction w and Molar Fraction x and their Standard
Uncertainties for {MDEA (1) + MEG (2) + Water (3)}

wi w2 w3 u(wr) u(wz) u(ws) X1 X2 X3 u(x1) u(x2) u(x3)

0.050 0.900 0.050 0.001 0.001 0.001 0.024 0.820 0.156 0.001  0.002 0.003
0.900 0.050 0.050  0.007 0.005 0.005 0.677 0.072 0250 0.018 0.007 0.020
0.300 0.600 0.100  0.002 0.002 0.002 0.142 0.545 0313 0.001  0.002 0.004
0.600 0.300 0.101  0.003 0.003 0.003 0326 0313 0361 0.004 0.003 0.009
0.100  0.600 0300  0.001 0.001 0.001 0.031 0356 0.613 0.000 0.000 0.001
0.300 0.400 0300 0.001 0.001 0.001 0.098 0.252 0.650 0.001  0.001 0.003
0.600 0.100 0.300  0.003 0.003 0.003 0.216 0.069 0.715 0.002 0.002 0.006
0.250 0.250 0.500  0.001 0.001 0.001 0.062 0.119 0.819 0.000 0.001 0.002




Uncertainty of Density p

In accordance to the NIST Requirements for Data Tables, the combined expanded uncertainty U(p)
with level of confidence 0.95 was calculated for the density; U(p) = 2-u(p).

In order to take into account both uncertainty deriving from the repeatability of the measurement,
urep (p), as well as the uncertainty deriving from the instrument calibration, uca (p), the uncertainty
of density is calculated according to:

u(p) = u%ep(P) +u?al(p) (13)

The repeatability is calculated by the standard deviation of the means. The uncertainty of the
calibration is calculated by the equation below, taking into account both the repeatability of the
calibration measurements, tcal.rep (9), and their accuracy uealrer (p) against the reference fluid. Water
was used as the reference fluid for the calibration.

Ucal (p) = \/uga_l,‘rep (p) + u?al‘ref(p) (14)

The repeatability in the calibration measurements is calculated by the standard deviation of the
means, while for the uncertainty of the calibration a Uniform Distribution (Type B) is assumed. It
is found that the contribution of Ucq;rer and Ueg;rep t0 Ucqi(p) are similar. Moreover, Uqq ()
was the main contributor to u(p) since the repeatability of the density was excellent.

The results of the uncertainty analysis for the density measurements are given in Table S5.

Table S5: Maximum uncertainty for the Density u(p) / kg'm™ as a Function of Temperature 7.

TK  Urep(p) ucar(p) ulp) Ulp)
283.15  0.005  0.104 0.104 0.209
29815 0.130  0.078 0.151 0.303
313.15 0146 0.065 0.160 0.319
32315 0.010  0.292 0.292 0.584
33315 0.010 0350 0.350 0.701
34315 0.005 0349  0.349 0.699
35315 0.052  0.468 0471 0.942




Uncertainty of Viscosity »

In accordance to the NIST Requirements for Data Tables, the combined expanded uncertainty U(7)
with level of confidence 0.95 was calculated; U(#) = 2-u(y).

The method used for uncertainty calculations is similar to the method presented for the uncertainty
of density. The main difference is that pure MDEA and pure MEG were used as reference fluids,
due to the large viscosity range covered in this work and because those are the main components
of the systems studied. The same method is used for both instruments employed in this work,
namely a LOVIS 2000 M microviscometer and an Anton Paar MCR 100 rheometer.

The uncertainty of viscosity is calculated according to:

u(m) = ,urz"ep(n) + u?al(n) (15)

The repeatability is calculated by the standard deviation of the means. The uncertainty of the
calibration is calculated by the equation below, taking into account both the repeatability of the
calibration measurements, ucalrep (77), and their accuracy ucarer (77) against the reference fluids.

ucal(p) = \/ugal,rep (Tl) + ugal,ref(n) (16)

The repeatability in the calibration measurements is calculated by the standard deviation of the
means, while for the uncertainty of the calibration a Uniform Distribution (Type B) is assumed.
The contribution of U¢g; e is the main contribution to uq; (7).

The results of the uncertainty analysis for the viscosity are given in Table S6 and Table S7.

Table S6: Maximum uncertainty for the Viscosity u(7) / mPa-s using the LOVIS 2000 M
microviscometer as a Function of Temperature 7.

TK  Urep() uca(m) u(n) Un)
283.15 0.116 2262 2265 4.530
208.15 0.044 0540 0.542 1.084
31315 0.142 0518 0.522 1.075
32315 0.092  0.168 0.192 0.383
333.15  0.008 0234 0235 0.469
34315 0.130 0229 0264 0.528
353.15  0.008  0.153 0.153 0.306




Table S7: Maximum uncertainty for the Viscosity u(#) / mPa-s using the Anton Paar MCR 100
rheometer as a Function of Temperature T.

TK  Urep(D) e uln) U
283.15 1.507 2.031 2.529 5.059
298.15 0.136 1.305 1.312 2.625
313.15 0.029 0.242 0.244 0487
323.15 - - - -
333.15 - - - -
343.15 - - - -
353.15 - - - -

Uncertainty of Excess Molar Volume vE

According to the Law of propagation of uncertainty, and given that the excess molar volume vE
for the binary {MDEA (1) + MEG (2)} was calculated by Equation (17):

1 1 1

vE = Myx, (; - p—ll) + M, (; - Z) (17)

the uncertainty can be calculated by:
By _ [ (Mixa+Maxp)? 2 11 2 1
u(v®) = ((—pz ) w@) + My (5 =) uG)? + (s (5

2 2\
i) u(x;))* + <M1x1u(P1)> + (M2x2 u(Pz)) ) (18)

3 03

For the ternary {MDEA (1) + MEG (2) + H20 (3)}, the corresponding equation is:
2
u(vE) = ((W) u(p)? + (M1(

p?

2 2 2\
(M5 (5= =) u(x:))? + (Ml"lu(po) +<“2"2u(p2>) +(M3"3u<p3>>> (19)

P p3 p3 1% 3

> JuC))? + (M (5 - ) uCe))? +




Uncertainty of Viscosity Deviations An
According to the Law of propagation of uncertainty, and given that the viscosity deviation of the
mixture was calculated by Equation (20):

dn=n+nt=n+ X¥x In(n) (20)

the uncertainty for the binary and the ternary can be calculated by the generic equation:

aCam) = J(u? + (S 0@ ZEM00? wGe? + Lun ) e



3.2 Further considerations

The work presented in section 3.1 provides measurements of density and viscosity of unloaded
non-aqueous and aqueous MDEA-MEG systems at ambient pressure and temperatures relevant
for subsea application. Based on the obtained data and data reported in the literature, a
predictive model was developed for density and viscosity. Both properties are important for the
design and operation of this process, however, viscosity requires special attention because it

can be a showstopper if its value is outside the operation range of the processing equipment.

In this process, the solvent would be injected in the pipeline, dispersed in the gas stream with a
mixer, separated from the gas stream possibly in a scrubber, then boosted at the nearest platform
for topside regeneration and, at last, transported through the umbilical line to the injection point
for reuse. Therefore, the data and model in this work concern mainly the conditions of the
transportation of the fluid from the regeneration to the injection point and mainly the pumping
specifications. Viscosity information of the H2S-loaded solvent would be beneficial for defining
the requirements of the scrubber and possible boosting system to the topside facility. Due to the
material incompatibility of the components of the density meter and viscometer used in this

work with hydrogen sulfide, measurements of the loaded systems were not performed.

However, it has been reported in the literature that the viscosity of aqueous MDEA decreases
upon hydrogen sulfide absorption, contrary to the typical viscosity increase observed in CO:z-
loaded alkanolamine solutions (Fu et al., 2012; Pinto et al., 2017; Shokouhi et al., 2015;
Weiland et al., 1998). To the author’s best knowledge, there are only two available literature
sources for HaS-loaded MDEA-H2O solution; the works of Rinker and co-workers (Rinker et
al., 2000) and Shokouhi and Ahmadi (Shokouhi and Ahmadi, 2016). Rinker et al. measured
density and viscosity at 298 K from 10 wt% to 50 wt% aqueous MDEA and at 313 K 50 wt%
aqueous MDEA and loading, o, up to 0.5 mol H2S/mol MDEA. Shokouhi and Ahmadi
performed density and viscosity measurements with a 46.78 wt% MDEA-H20 at 313, 328 and
373 K and loading in the whole range from 0 to 1 mol H2S/mol MDEA. They both found that
the density is increasing with increasing HaS absorption, while the viscosity is decreasing, with
the exception of the data obtained at 373 K. At this temperature, the trend was not clear and the
viscosity seemed unaffected. The maximum deviation in viscosity observed between a = 0 and

o =0.5 was 27% at 298 K with 50 wt% aqueous MDEA.
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The reason the viscosity decreases with hydrogen sulfide absorption in aqueous MDEA is not
understood. Further, there are only few viscosity data reported for water-H2S mixture (Murphy
and Gaines, 1974). Viscosity measurements of water saturated with HoS indicate that the
viscosity is higher than that of pure water. It is important to note that the measurements concern
total pressures of 18 bar and 303 K and the unloaded system was pressurized using nitrogen.
The deviation was 5%. As far as the viscosity and density of H2S loaded pure or aqueous MEG
is concerned, it has not been possible to find reported data. Reported data on the solubility of
pure hydrogen sulfide in pure MEG show that the amount of absorbed H:S is low, thus, no
significant viscosity effects are expected (Short et al., 1983). Therefore, one would expect that
the viscosity of MDEA-MEG solvents would follow the trends of the aqueous amine and

decrease after hydrogen sulfide had been absorbed.

High pressure will also influence the viscosity of the solvent. It is expected that the higher the
pressure, the higher the viscosity of the liquid solvent will be (Poling et al., 1987). Indeed, both
density and viscosity increased with increasing pressure in the work of Sobrino et al. (Sobrino
et al., 2016) with aqueous MDEA from 10 wt% to 50 wt% MDEA in the temperature range
from 293 to 353 K and pressure range from 10 to 1200 bar. The data for 10 wt% MDEA-H20
follow the trend of pure water viscosity; at low temperatures the viscosity initially decreases
upon pressure, exhibits a minimum and afterwards, starts increasing, while at higher
temperatures, above 303 K, the viscosity increases monotonically with pressure (Horne and
Johnson, 1966). At higher amine concentrations, it seems that this behavior of water viscosity
is absent, and pressure increase results in increasing viscosity at all temperatures studied.
However, the effect is small with maximum relative viscosity change observed upon
pressurization to 100 bar, to be 2%, which is lower than the relative expanded uncertainty,
2.9%, reported in the work of Sobrino et al. (Sobrino et al., 2016). Practically, the unloaded or
lean solvent to be injected and the loaded solvent after the scrubber, will be in similar pressure,

only difference being the pressure drop in the inline separator.

Input from the industrial partners of SUBPRO asserted that the high viscosities of the non-
aqueous systems studied, which reaches 200 mPa-s at 283 K for a 90 wt% MDEA — 5 wt%
MEG - 5 wt% H20, do not pose any difficulties in their application subsea in terms of
processing equipment requirements. This information, coupled with the fact that the viscosity
is expected to decrease in MDEA-MEG and MDEA-MEG-H20 systems upon H2S loading,

signifies that the model provided in this work can predict the maximum viscosity to be
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encountered in the process. This is true under the premise of minimal carbon dioxide absorption.
In addition, assuming that the effect of pressure in the proposed combined solvents shall be of
the same magnitude as for aqueous MDEA, the viscosity changes due to high pressure are

within the accuracy of the model.
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Chapter 4

VLE Data for H2S-containing Systems

This chapter presents vapor-liquid equilibrium data for pure MDEA and H>S loaded MDEA-
H>0 and MDEA-MEG-H:O systems at high pressures in the presence of methane.

The first section presents VLE data for the systems H2S-CHs-MDEA-H20 and pure MDEA
(journal publication II), and the second section presents VLE data for the combined solvent
system H2S-CHs-MDEA-MEG-H20. The high-pressure equilibrium setup and experimental
procedure used are briefly presented, so the reader is advised to refer to the Appendix in the
end of this thesis for a comprehensive description. In both studies, the effect of total pressure
on the absorption capacity of the solvent is investigated with methane used as makeup gas.
Emphasis has been put on identifying and estimating the uncertainties of the measurements and

evaluating their role in understanding the results.

The study of H2S solubility in aqueous MDEA solutions in the presence of methane, presented
in the first section, was performed using MDEA concentrations of 50 wt% and 70 wt%. The
former was investigated also for experimental validation purposes. The data show that the effect
of total pressure up to 100 bar on the liquid loading of the solvent is within the experimental
uncertainties. Increase of the total pressure leads to increase of the partial pressure of hydrogen
sulfide, which is the result of the non-idealities in the gas phase at high pressures. Comparison
of the H2S concentration in the liquid 50 and 70 wt% aqueous MDEA suggests that the
contribution of the chemical absorption decreases as the amine content increases. A VLE model
employing Peng-Robinson EoS and the electrolyte non-random two-liquid (eNRTL) model is
also presented for the system H2S-MDEA-H20, and it is shown that it can be used for rough
estimations of methane-containing systems at low total pressures. Vapor pressure

measurements of pure MDEA are also presented and modeled.

The effect of total pressure on the liquid loading and the H»S partial pressure with the 30 wt%
MDEA — 40 wt% MEG — 30 wt% H20 blend, presented in the second section, are similar to the
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findings for the aqueous MDEA systems. In addition, based on the newly obtained data and
data reported in the literature, it is shown that increasing MDEA concentration under constant
water content and lowering MEG content under constant amine concentration in the amine-
glycol-water blends, leads to higher absorption capacity. A reaction mechanism theory is
proposed for explaining the increasing solubility of hydrogen sulfide with decreasing glycol
content. Moreover, a comparison between 70 wt% aqueous MDEA and the 30 wt% MDEA —
40 wt% MEG — 30 wt% H20 solution indicated that the absorption performance of the two
solvents at 283 K is similar. Last but not least, the effect of glycol on the cyclic capacity of 30
wt% aqueous MDEA was investigated. It was found that, at the experimental pressure and
temperature conditions, the amine-glycol-water system has a higher cyclic capacity than its

aqueous counterpart.

The experimental challenges and good-to-know elements are listed in the last section of the
chapter, with the most important one being the gas chromatography (GC) analysis of the liquid
phase concentration which unfortunately did not match the mass balance. In this chapter, the
liquid phase loading was estimated based on the GC analysis of the vapor phase and the mass

balance.
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4.1 Vapor-liquid equilibrium study for the system H>S-CHjs-
MDEA-H:0
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phase non-idealities was developed for the system H,S-MDEA-H,0, which can potentially be used also
for the system in the presence of methane at low pressures. Vapor pressure measurements of pure MDEA
were also performed in the range of 405—435 K in an ebulliometer and parameters for the Antoine
correlation were proposed.

© 2020 The Authors. Published by Elsevier B.V. This is an open access article under the CC BY license
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1. Introduction

Natural and refinery gas streams usually contain acid gases,
carbon dioxide and sulfur compounds, which must be removed in
order to ensure trouble-free and safe operations. Typical sulfur
compounds are hydrogen sulfide, carbonyl sulfide, mercaptans,
with the first one being the most important one as it occurs in the
largest concentrations [1]. Hydrogen sulfide (H,S) gas content is
routinely controlled by absorption into aqueous methyldiethanol-
amine (MDEA), which can then be thermally regenerated and
reused.

A 50 wt% MDEA-H>0 concentration is considered a benchmark
solvent in H,S removal, due to its equilibrium behavior and low
corrosion. Aqueous MDEA has been long established in the in-
dustry due to among others, the amine's availability, low cost and
energy requirements, resistance to degradation, ability to meet

* Corresponding author.
E-mail address: hanna.knuutila@ntnu.no (H.K. Knuutila).

https://doi.org/10.1016/j.fluid.2020.112498

the 4 ppm specification requirement for pipeline gas and to
selectively remove H3S over CO,, which often coexist. MDEA owes
its latter characteristic to its structure; as a tertiary amine,
aqueous MDEA reacts instantaneously with hydrogen sulfide
while it requires more time to react with CO;. Thus, by regulating
the contact time between the solvent and the gas, H,S removal to
specification and minimum co-absorption of CO, can be achieved
[2,3].

The motivation of this work has been the investigation of
highly concentrated MDEA for the combined H,S removal and
hydrate control for subsea application. Oil and gas reservoirs
are turning sour in the course of time [4,5], which is tackled
today by using triazine to control the H)S levels [6]. Main
disadvantages of employment of triazine are related to the
non-regeneration of the solvent, weight, space, transportation
and disposal requirements. These constraints are of outmost
importance, especially as the available production fields are
sourer, deeper and in longer distances from the shore [7].
MDEA is already used offshore as a pH stabilizer [8] facilitating
its employment subsea, while the fact that, as a polar

0378-3812/© 2020 The Authors. Published by Elsevier B.V. This is an open access article under the CC BY license (http://creativecommons.org/licenses/by/4.0/).
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compound, it has affinity for water, renders highly concen-
trated aqueous MDEA a good candidate for acting both as a
hydrate inhibitor and as an HS removal agent. The
solvent could be used and regenerated offshore, supported by
new technological developments, such as “subsea on a stick”
[9].

This work is a first step in the investigation of this multifunc-
tional solvent, with focus on the effect of total pressure in the H,S
removal capacity of the solvent. The measurements were con-
ducted at high pressures, up to 10000 kPa, with methane as the
pressurization medium, since it is the main constituent of natural
gas. Few researchers have previously studied the effect of high-
pressure methane for the systems CH4—CO,-MDEA-H,0 [10,11]
and CH4—H,S-MDEA-H,0; a detailed literature review for the latter
is provided in Section 2.1. The main finding has been that for both
CO; and H;S-contained systems, an increase in total pressure leads
to increase in the acid gas partial pressure. To our best knowledge,
there are no data reported for the system CH4—H,S-MDEA-H,0 and
MDEA solutions with concentrations higher than 50 wt% MDEA-
H,O0.

A 50.1 wt% MDEA-H,0 and a 70 wt% MDEA-H,0 system were
used in this work to obtain vapor-liquid equilibrium data (VLE)
with hydrogen sulfide and methane. The new VLE data for the
system CH4—H,S-MDEA-H,0 with 70 wt% MDEA-H,0 mixtures
were obtained at temperatures of approximately 283, 353 and
393 K and pressures of 2000, 6000 and 10000 kPa. The experiments
were performed isothermally and the temperature of 283 K was
chosen to simulate the low-temperature subsea conditions while
the temperature of 393 K was chosen to simulate the high

regeneration temperature.
2. Literature review
2.1. HS-MDEA—H,0—makeup gas system

An updated list of available VLE data for the system H,S-MDEA-
H,0, including data with makeup gas, is provided in Table 1. The
amine concentration is expressed in a weight basis for all reference
sources to allow for direct comparisons. Concentrations reported in
molarities [12—14] have been converted to weight fractions using
the density correlations presented by Bernal-Garcia et al. [15]. The
solution preparation temperature was assumed to be 298.15 K due
to lack of this information.

As also other authors working with the system H,S-MDEA-H,0
have observed, the available data in the literature are rather scat-
tered, especially at low loadings. The literature data have been
evaluated for self-consistency and mutual-consistency with re-
ported data in similar experimental conditions, following Chunxi
and Fiirst's approach [16]. This evaluation was performed in order
to decide if some data sets would be excluded during our ther-
modynamic modeling. During the evaluation, the partial pressures
for HpS from Kuranov et al. [17], Kamps et al. [18] and Sidi-
Boumedine et al. [19], who all report total pressures in the
absence of makeup gases, were calculated by subtracting the vapor
pressure of the solvent calculated by Dalton's Law (Eq. (1)). The
vapor pressure of H>O was calculated by the correlations proposed
by NIST for the given temperature ranges while the vapor pressure
of MDEA was calculated based on the Antoine correlation fitted to

Table 1
Literature VLE data for H,S-MDEA-H,0 including data with makeup gas.
wt.% aq. T (K) Pias Peot Loading Makeup gas Analysis Method Source NP
MDEA (kPa) (icpa) Vapor Phase Liquid Phase
11.8, 298.15,313.15,323.15, 0.0013 — 0.00129 Nitrogen GC lodometric back-titration Jouetal [12] 153
234, 373.15,393.15 —5890 —3.229  (Pyas < 200 kPa) with thiosulfate
48.9
11.9,20 298.15, 310.95, 338.75, 13.23 - 0.18 — Mass balance Mass balance Bhairi, Maddox 49
388.75 —1536.6 —2.1703 etal. [26,27] ¢
234  313.15 0.52 - 0.13 - GC Iodometric back-titration =~ MacGregor and 27
—1600 —1.725 with thiosulfate Mather [14] <°
35,50 313.15,373.15 0.00183 - 0.00410 Nitrogen GC lodometric back-titration  Jou et al. [21]° 50
—313 —1.077 (Ppas < 350 kPa) with thiosulfate
299 313.15,333.15,353.15, 1.498 — 0.082 Nitrogen Mass balance (Pyps < 200 kPa)/ lodometric back-titration Li and Shen [13] ¢ 43
373.15 —445.7 —0.902 (Py2s < 200 kPa) GC (Ppzs > 200 kPa) with thiosulfate
23.1,50 313.15, 343.15,373.15, 0.0033 — 0.00240 Nitrogen Mass balance lodometric back-titration Huang and Ng [23] 42
393.15 —3673 -1.74 (Phz2s < Pamb) with thiosulfate N
23,50 313.15,323.15 0.00069 96-110 0.00219 Nitrogen FTIR FTIR Rogers et al. [24] cb 30
—5.268 —0.313  (Ph2s < Pamp)
11.83, ~298.15,~313.1 0.023 - 0.0101 - Mass balance Mass balance Lemoine et al. [28] ¢ 29
23.63 -1.611 —0.2610 b
18.7, 313.16, 333.15, 373.15, - 165.2 0.48 - Mass balance Mass balance Kuranov etal. [17] € 71
32.2 393.15,413.15 —48959 -1.934 b
48.8  313.11, 353.16, 393.15 - 147.9 0.153 - Mass balance Mass balance Kamps et al. [18] " 26
—2783 —1.428
46.78 ~313,~373 — 6.21 0.039 — Mass balance Mass balance Sidi-Boumedine 27
-1040 -1.116 etal. [19] ©°
237 3132 14-1361 - 0.505 - Mass balance Mass balance Zoghi and Shokouhi 12
-1.639 [22] <P
35.50 283,298, (313) 0.141 690 0.028 Methane GC lodometric back-titration ~Huttenhuis et al. 30
—18.892 —6900 —0.575 with thiosulfate [25]
50 323.15 3-278 493 0.096 Methane GC Mass balance Dickoetal. [29] ¢ 5
—700 —0.889°
50 322.95, 343.15 31-974 1480 0.267 Methane GC Titration with silver  Sadegh et al. [30] <* 39
—7090 —1.042 nitrate

2 Global loading.
b Reported uncertainty in pressure.
¢ Reported uncertainty in H,S loading/mole fraction.



E. Skylogianni et al. / Fluid Phase Equilibria 511 (2020) 112498 3

Table 2
Literature VLE, FPD and HF data for the binary system MDEA-H,0.
Property wt.% aq. MDEA T/ATE (K) P (kPa) Source NP
VLE 3-78.61 313.15-373.15 6.47-100.40 Kim et al. [33] 61
10-70 326.15-381.15 13.08-101.67 Xu et al. [34] 34
30-98.9 350.15-458.65 40-66.7 Voutsas et al. [35] 27
FPD 17.4-39.1 (-3.3)(-13.8) 101.13 Chang et al. [31] 21
2.6-39.6 (-0.4)-(-14.2) 1013 Fosbel et al. [32] 12
HE 9.6-92.5 298.15-342.45 - Posey [36] 16
17.5-96.7 298.15-313.15 - Maham et al. [37] 26
41.8-98.4 338.15 - Maham et al. [38] 9
Table 3 compared to Huang and Ng [23] as well as Rogers et al. [24]. These
Literature vapor pressure data for pure MDEA. differences are difficult to explain by the reported uncertainties
T(K) P (kPa) Source NP only. At higher loadings, some inconsistencies are also seen, for
o
293.69-401.97 0.0006-1.4776 Noll et al. [39] 2% exa.rnple, th.e data from Kuranov and coworkers [17] for a 32.3 wt%
406.69—435.50 2.48—7.98 Kim et al. [33] 7 amine solution are close to the data reported for a 50 wt% MDEA
420.45-513.85 3.68-90.44 Daubert et al. [40] 14 solution [12,23].
467.39, 479.39, 488.15 20, 30, 40 Yang et al. [41] 3 No pattern was identified between the analysis method and the
519.7-738.4 98.59—3985 VonNiederhausern et al. [42] 9

existing and new data as presented in Section 5. Results and
Discussion.

PSo1, = Piupea - Xmpea + Pii,o XH,0 (1)

Li and Shen [13] measured H;S solubility in 29.9 wt% aqueous
MDEA at temperatures up to 373 K. During the evaluation of the
data, a sharp increase of partial pressure at loadings >0.7 mol H,S/
mol MDEA was noticed, resulting in a cross-over of literature data
reported for 35 wt% and 50 wt% MDEA-H;0 solutions. For this
reason, the data from Li and Shen [13] were not included in our
database used in the model parametrization, as chosen also by
Huttenhuis et al. [20].

Jou and coworkers [12,21] have published experimental data for
a48.9 wt% and for a 35 wt% MDEA solution. Two observations can
be made for the low loading region: a) the data with a 35 wt% [21]
and a 48.9 wt% [12] MDEA solution are very similar and b) the
deviations between the data with a 48.9 wt% and a 50 wt% solution
look larger than what one would expect with such similar con-
centrations. Uncertainty information is not available in the first
publication of Jou et al. [12], while the authors on their second
publication report 3% error in liquid loading and 0.1% full scale (FS)
error in pressure. Taking this into account, the deviations related to
a) and b) are within the experimental uncertainty. Generally, the
data from Jou et al. agree with literature values in different con-
centrations and temperatures besides at low loadings. For example,
good agreement is observed between the data Jou et al. [12] for a
23.4 wt% aqueous MDEA at 313 K and from two other sources
[14,22] at loadings > 0.4 mol H,S/mol MDEA. Any small deviations
are justified in terms of reported experimental uncertainties pro-
vided by MacGregor and Mather [14] (pressure, loading, composi-
tion) as well as by Zoghi and Shokouhi [22] (pressure and
composition). At lower loadings, significant deviations are seen
between the data by Jou et al. [12] and MacGregor and Mather [14]

uncertainty of the results. Unfortunately, often the uncertainty in
loading, which could enlighten the reasons for the scatter observed
at low loadings, is not reported. The literature sources reporting
uncertainties in either pressure or loading are marked in Table 1. In
addition, the differences observed in the reported data could also
be attributed to the purity of the chemicals. Although most of the
authors report the use relatively high-purity chemicals (>98—99 wt
% MDEA, >99 vol% H,S), the chemical's aging (contamination,
contact with atmospheric humidity, light degradation etc.) could
also have contributed to the differences observed.

2.2. MDEA-H,0 system

Vapor-liquid equilibrium (VLE), freezing-point depression (FPD)
and molar excess enthalpy HE data for the binary subsystem MDEA-
H,0 are given in Table 2. The data were used to model the binary
system first in order to reduce the number of parameters to be
fitted for the ternary system H,S-MDEA-H,0 onwards, as it will be
further explained later in Section 4. Thermodynamic modeling.
Eight points from Chang et al. [31] were excluded due to their de-
viations from the data by Fosbal et al. [32].

2.3. Pure MDEA

A literature review was also performed for the vapor pressure of
MDEA. As seen in Table 3, the data already reported in the literature
cover a large range of temperatures, from 293 to 738 K.

3. Experimental work
3.1. Materials

Information for the chemicals used are provided in Table 4.
MDEA was used as received from the supplier without further
purification. Ultra-pure Millipore water was used in this work to
prepare the aqueous amine solutions. Both the amine and the water

Table 4
Chemical sample table.
Component IUPAC name CAS Supplier Purity Analysis method
N-methyldiethanolamine (MDEA) 2-[2-hydroxyethyl(methyl) amino] ethanol) 105-59-9 Sigma-Aldrich >99 wt% GC
Water Oxidane - - Ultra-pure -
Hydrogen sulfide Sulfane 7783-06-4 Air Liquide >99.5 vol% GC
Methane Methane 74-82-8 Air Liquide >99.995 vol% GC
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were degassed independently and they were mixed under vacuum
to eliminate presence of air during the experiment. The solutions
were prepared gravimetrically in a METTLER PM1200 scale with an
accuracy of 1 - 107> kg. The composition uncertainty is the same for
each component in a binary mixture as explained in Appendix, and
it was found to be u(w) = 0.002 for 50.1 wt%» MDEA-H,0 and
u(w) = 0.003 for 70 wt% MDEA-H,0. The gases used in this work are
hydrogen sulfide and methane as a makeup gas.

3.2. Experimental set-ups

High-pressure VLE. The high-pressure vapor-liquid equilibrium
(VLE) experiments were conducted in an in-house manufacture by
ARMINES employing the static-analytic method [43] The apparatus
is designed for measurements with acid gases and can be operated
in the pressure range from 0.5 to 19.9 MPa and temperatures, from
223 to 473 K. Temperature regulation with an accuracy of +0.01 K is
achieved through immersing the cell into an oil bath. The apparatus
is similar to the one previously presented by Ref. [29] and its
schematic is given in Fig. 1.

The setup consists of three distinct parts: a) the equipment for
filling up the equilibrium cell, i.e. the variable volume press (VVP),
the gas bottles and gas tanks, b) the equilibrium cell, including
automatic samplers for the gas and the liquid phase(s) and c) the
equipment for the analysis of the samples, i.e. the gas chromato-
graph. Each of these parts consists of various valves and instru-
mentation. A variable volume press composed by the variable
volume pressure cell, a piston and a displacement transducer, was

used to introduce the liquid inside the cell, under vacuum. The
transducer measures the piston displacement with an accuracy of
+1 - 107> m and, by knowing the dimensions of the cell, the exact
volume of the solvent introduced was determined. Approximately
6 - 10-% m? of solvent were introduced in every experiment. An H,S
bottle was connected to a gas tank with volume of 1.61 - 10~% +
5 - 1078 m3, which was further connected to the cell. The presence
of a small gas tank between the gas bottle and the cell was dictated
as an extra safety barrier in case of leakage of the toxic HjS. Pres-
surization of the cell with methane was done directly from the CHy4
bottle.

The equilibrium cell is a sapphire tube standing between two
Hastelloy flanges. Kalrez O-rings are used for sealing the tube. The
upper flange accommodates two non-rotating stem loading valves,
for H,S and for CHy, and the lower flange accommodates two more,
only one of which was used for the loading of the liquid solution
and the discharge of the cell. The temperature is monitored and
controlled by two platinum probes and two 100 Q Platinum resis-
tance temperature detectors (Pt100) with an uncertainty of
+0.02 K. Each of the two located in each flange. They are connected
to an HP data acquisition unit and are carefully periodically cali-
brated. The cell is equipped with two Druck™ pressure transducers,
one calibrated for 0—3 MPa and the other for 0—30 MPa pressure
range respectively. The transducers are maintained at the temper-
ature they were calibrated at and the uncertainty is 0.6 kPa. The
volume of the cell is 3312 - 10°¢ + 5 - 10~ m? (or 32.24 - 10 5 m?
when the low-pressure transducer is isolated). A stirring system is
integrated to the cell in order to reduce the time of equilibration
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and ensure phase homogeneity. The variable-speed stirrer is
composed by a rotating axis inside the cell, two propellers mounted
on the rotating axis for stirring both the gas phase and the liquid
phase and a magnetic rod mounted on the rotating axis in order to
allow for rotation of the axis by a stirring motor located below the
cell.

Agilent software BenchLink is used for online monitoring of
pressure and temperature, enabling the determination of equilib-
rium. Once the equilibrium is reached, micro samples can be
withdrawn and transferred to the GC for analysis. Automatic sam-
pling is allowed through two capillary samplers (ROLSI®) Armines’
patent [44]. Two capillaries are fixed in the cylindrical wall of the
cell at levels designed to withdraw vapor and liquid phase samples.
The samplers are connected to a PERICHROM model PR-2100 gas
chromatograph, through a heated transfer line. The temperature
selected is higher than the boiling point of the heaviest component
(MDEA) to avoid any sample condensation. The chromatograph is
equipped with a thermal conductivity detector (TCD) and a flame
ionization detector (FID), and WINILAB III software is used for GC
acquisition and treatment.

Ebulliometer. A modified Swietoslawski ebulliometer was used,
described earlier in detail by Kim et al. [33]. The apparatus can be
operated at temperatures up to 473 K and at sub-atmospheric and
atmospheric pressure. The temperatures were measured with
calibrated Pt100 resistance thermosensors with an uncertainty of
+0.05 K. A DP1520 pressure controller from Druck™ was used,
calibrated against a BeamexC5 calibrator with an accuracy of
+0.03 kPa. The solution is accommodated inside a 2 - 10~% m? glass
equilibrium still and the set-up allows for the sampling of both the
vapor and the liquid phase.

3.3. Experimental procedure

High-pressure VLE. After thorough cleaning with hot deionized
(DI) water and ethanol, the cell and tubings were left to dry and set
to vacuum during the previous night. The solution was prepared
under vacuum directly inside the VVP and the solution preparation
temperature was approximately 298 K. Back-pressure of ca. 500 kPa
of methane was applied to the VVP. The solution was introduced
inside the cell, and the end displacement position was recorded, so
as the exact amount of solution added could be calculated. The cell
was immersed into the bath, the stirrer was turned on, the tem-
perature of the experiment was set and the system was left to
equilibrate. Temperature stabilization required approximately
30—60 min, after which the vapor pressure of the solution was
recorded.

The desired global loading, i.e. mol of H,S inside the cell per mol
of amine, was first decided and based on the PVT conditions of the
H,S gas tank before and after the filling of the cell, the amount of
H,S introduced was determined. The calculations were performed
using REFPROP software [45] and a Helmholtz energy-based
equation of state developed by Ref. [46] for pure H,S was used.
The global loading was, thus, calculated by:

_ before _after
MH2S = Myos tank — H2S tank &)
NH2s
Agloh = ®3)
9 nyvipEa

For the experiments with the 50.1 wt% MDEA aqueous solution,
initially a small amount of H,S was introduced and it was left to
equilibrate. Reaction of H,S and MDEA is fast and equilibrium was
reached within 1 h. Because the total pressure was lower than the
minimum required pressure of 500 kPa for the ROLSI® samplers
and GC to function, methane was added up to 500 kPa. Equilibrium

was reached in approximately 1 h, and the sampling started. In our
experiments, sampling and analysis was conducted only for the
vapor phase. Higher loadings were reached by adding more H3S
into the cell and repeating the above-mentioned procedure.

For the 70 wt% MDEA solution VLE investigation, two series of
experiments were conducted based on the global loading, one for
0.2 and one for 0.5 mol H,S/mol MDEA approximately. The exper-
imental procedure varies in the way that after equilibrium was
reached, methane was added in 3 stages, up to 2000, 6000 and
10000 kPa. At each pressure level, sampling and analysis of the
vapor phase was performed upon equilibrium. The experiments
were performed under isothermal conditions, at 283, 353 and
393 K. At the end of the experiment, the cell was depressurized and
emptied safely through a caustic solution (NaOH) in order to
neutralize the system. At each temperature, a new experiment was
conducted using fresh solution. We aimed at having the same
global loading at all temperatures, however it was not practically
possible to reach exactly the same loadings in every experiment.
The study at each temperature and global loading lasted approxi-
mately one week.

The analysis of vapor phase concentration was performed in a
GC equipped with a Porapak-R column R80/100 mesh (length 2 m,
diameter 2 mm) from RESTEK. The carrier gas was helium at a flow
rate of 20 ml/min. A constant temperature program at 363 K was
used for the quantification of both methane and hydrogen sulfide.
Analysis at 383 K was also performed to check for water presence in
the vapor phase. In order to check the repeatability of the mea-
surements and to perform uncertainty analysis, five samples at
least were withdrawn, the first two of them usually were required
to saturate the transfer lines in terms of adsorption. Disturbance to
equilibrium was considered negligible due to the small volume of
each sample.

Knowing the pressure, temperature and the composition of the
vapor phase, the density of the vapor phase was estimated using
REFPROP software [45]. The amount of nyys in the vapor and liquid
phase and finally the H,S loading in the liquid phase, liquid loading
a, were calculated according to Eq. (4) - Eq. (7).

ne =gV (4)
ny =Ny Yi (5)
nt=ngr — n? (6)
I
o= MHas (7)
NIMDEA

where p' is the molar density of the gas mixture, calculated using
REFPPROP and V" is the volume of the vapor phase. The latter is the
difference between the volume of the cell, ca. 33 - 107% m?, which is
known from our calibration data and the volume of the liquid
which was estimated by the correlations proposed by Ref. [15],
assuming that the effect of pressure in the liquid volume is negli-
gible. Bernal-Garcia and coworkers measured the density of
aqueous MDEA in the whole composition range at temperature
range of 263.15—363.15 K and, based on their data, calculated the
excess molar volumes of the binary systems. For our calculations at
the temperature of 393 K which was not studied in the afore-
mentioned work, the excess molar volume was extrapolated. It is
worth mentioning that the deviations in number of moles of H,S
calculated by the Ideal Gas Law equation and REFPROP employing
the most up-to-date Helmholtz energy-based EoS led to deviations
in the liquid loading lower than 1.5% at 283 and 353 K, while the
deviations were higher at 393 K (max 2.7%). For more accurate
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results, we used the results based on the latter.

Ebulliometer. Approximately 0.8 - 107* m? of liquid was
charged inside the still, preceding purge with nitrogen. The desired
temperature was set and equilibrium was assumed after 10 min of
stable pressure and temperature. The vapor pressure of MDEA was
measured at the temperature range of 405—435 K. Validation of the
apparatus was performed by measuring the vapor pressure of
water and a 1.5% maximum error from the literature was found in
equilibrium pressure.

4. Thermodynamic modeling

High pressure VLE. An in-house MATLAB-based rigorous model
has been developed to describe the chemical and phase equilibrium
for the system H,S-MDEA-H,0. The same algorithm has been
previously used to successfully describe COy-amine-H,O systems
relevant to carbon capture processes [47,48]. Peng-Robinson EoS
[49] with the original alpha function was employed to describe the
non-idealities of the vapor phase, coupled with the traditional van
der Waals one-fluid mixing rules. The binary interaction parame-
ters for Peng-Robinson EoS in this work were set to zero. To account
for the non-idealities in the liquid phase, the electrolyte non-
random two-liquid (eNRTL) model [50] was utilized. The models
are presented in the Appendix. The required critical parameters and
acentric factors for pure components are given in Supplementary
Information (Section A).

The chemical reactions assumed in the liquid phase are the
ionization of water, the protonation of MDEA and the dissociation
of HyS (R. 1-3). The second dissociation reaction of hydrogen sul-
fide, from bisulfide to sulfide, is not considered in our model due to
the low concentration of S*~ in the solution and in order to reduce
the number of parameters in the model [16].

2 H,0=0H" + H;0" (R1)
MDEA + H30% = MDEAH* + H,0 (R2)
HpS + Hy0 = H;0" + HS™ (R3)

The chemical equilibrium constants as well as Henry's constant for
hydrogen sulfide are described by Eq. (8), parametrized according
to Table 5, where x stands for either the chemical equilibrium
constant Keq or Henry's constant Hyps. Temperature is expressed in
K and Henry's constant for hydrogen sulfide in kg-atm.

ln(x):A+g+Cln(T)+DT (8)

The vapor pressure for hydrogen sulfide and water is estimated
using the Riedel correlation (Eq. (9)) where Texpressed in K and P°®
in Pa. The parameters are presented in Table 6. MDEA vapor pres-
sure has been measured in this work and fitted to Antoine corre-
lation. The Antoine parameters used in this work can be found in
Section 1.5.2.

Table 6
Parameters for pure component vapor pressure correlations for Eq. (9).
Component Model A B C D E Reference
HoS Riedel 106.47 -5018 -13.306 —0.09 —0.13 DIPPR [53]
H,0 Riedel 73.649 -7258 -7.304 4.2E-06 2 DIPPR [53]
at B E
In(P**) =A+=+CIn(T) + DT (9)

T

A sensitivity analysis was performed to evaluate the significant
numbers in the parameters retrieved from the literature. In Tables 5
and 6 the parameters are provided only with their significant digits.

The adjustable parameters for the eNRTL model are the non-
randomness factors, «, and the energy parameters, 7. The opti-
mization of the H,S-MDEA-H;0 system requires the regression of a
total of 78 parameters. In order to reduce this high number of pa-
rameters to be adjusted, the following steps have been taken:

I) All non-randomness factors « have been given fixed values
according to Table 7.

II) The energy parameters for the subsystem H,S—H,0 have
been fixed to the default values used in Aspen Plus V10
simulation software (Table 7).

1) The energy parameters for the subsystem MDEA-H,0 have
been fixed to the values obtained by the regression of the
literature data presented in Subsection 2.2 MDEA-H,0
system.

As a result, the number of parameters is reduced to 36. The
temperature dependency of the energy parameters is described by
Eq. (10), where a;; and by were fitted to experimental data.

ﬁ

T (10)

Tij=ajj +
The fixed non-randomness factors and fixed energy parameter
values are presented in Table 7, where m denotes molecule and c-a
cation-anion (salt). The non-randomness factors were fixed at 0.2
for molecule-molecule and water-salt interactions, and at 0.1 for
the HyS-salt and MDEA-salt interactions, according to Hessen and
coworkers [54].

The optimization routine used in this work is Particle Swarm
Optimization (PSO), developed by Kennedy and Eberhart [55]. This
algorithm allows for the optimization of continuous non-linear
functions, using particle swarm methodology. The advantage of
this optimization routine is that it uses random initialization, thus,
unlike other optimization methods, its convergence is not depen-
dent on the first approximations. In order to avoid local minima and
find an optimal solution, local best topology was used [56,57]. The
PSO parameters are swarm size of 40, maximum number of itera-
tions 600 in 3 loops which terminate once the optimized value
deviates more than 10~ (tolerance criterion) from its preceding
one or if less than 1% improvement is achieved during 60 iterations.
The minimization of the absolute average relative deviation (AARD)

Table 5
Mole fraction-based parameters for Eq. (8), reported only with their significant digits.
A B C D Reference
Chemical Equilibrium constant for R. 1 132.89 —13445 —22.477 0 Posey [36]
Chemical Equilibrium constant for R. 2 —60.03 -1974 7.533 0 Oscarson et al. [51]
Chemical Equilibrium constant for R. 3 214.58 —12995 —33.547 0 Posey [36]
Henry's constant for H,S 342.595 -13237 —55.0551 0.05957 Edwards et al. [52]
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Table 7
Fixed parameters of eNRTL model used in this work.

Non-randomness factors, «

Components
; j ij ii
m m 0.2 0.2

H,0 c-a 0.2 0.2
H,S c-a 0.1 0.1

MDEA c-a 0.1 0.1

Energy parameters, 7

Components a b

i j ij ji ij ji
H,0 H.,S 0 0 0 0
H,0 H3;0*-OH" 8 —4 0 0
H,0 H30*-HS" 8 -4 0 0
H,S H;0*-OH" 15 -8 0 0
H.S H;0*-HS™ 15 -8 0 0

shown in Eq. (11), was chosen as the objective function, where Y
was either the partial pressure of HS, Py, or the total pressure,
Prot.

yexp _ Ypred

LI o L R T

N
Fon(%) =5, > v = (1
1 1

5. Results and Discussion
5.1. Experimental results

High-pressure VLE. The experimental vapor-liquid equilibrium
data obtained in this work with 50.1 wt% and 70 wt% MDEA solu-
tion for the system CH4—H,S-MDEA-H;0 at various pressures and
temperatures are presented in Table 8 and Table 9. As mentioned
earlier, knowing the experimental uncertainty of reported data
could possibly help us understand the scatter observed in the data
for the system H,S-MDEA-H,0. Therefore, we performed a thor-
ough investigation of our measurements’ uncertainty in order to
properly evaluate our data and conclude on the impact of experi-
mental uncertainty on our results.

We have reported the combined uncertainties employing the
Law of propagation of uncertainty according to NIST guidelines

Table 8

[58]. The new data are accompanied by the standard uncertainties
for total pressure and temperature as well as the combined un-
certainties for the partial pressure of hydrogen sulfide, the global
and the liquid loading. It was found that the main contributor to the
uncertainty of the partial pressure of H,S is the total pressure of the
system, as can be observed by the increasing uncertainty of Pys for
increasing total pressure. The main contribution to the global
loading uncertainty is associated with the loading itself, while the
uncertainty of the liquid loading is mostly affected by the uncer-
tainty of the total moles of H,S introduced in the cell. The repeat-
ability of our measurements was taken into account by virtue of the
multiple samples analyzed on the GC at each equilibrium pressure
and temperature. The complete uncertainty analysis can be found
in Supplementary Information.

Table 8 and Fig. 2 reveal information regarding both the repro-
ducibility of the measurements in this work as well as their com-
parison with the literature for the system CH4—H,S-MDEA-H,0
with a 50—50.1 wt% MDEA solution at approximately 323 K. The
measured vapor fractions of methane and hydrogen sulfide are
reported in Supplementary Information together with the uncer-
tainty analysis. Our measurements in the presence of 500 kPa of
methane were performed in two different experiments, and as one
can observe in the figure, the same behavior is followed and the
measurements can be reproduced. The data obtained in this work
are in agreement with the data reported by Dicko et al. [29] under

Experimental vapor-liquid equilibrium data and their corresponding combined uncertainties at total pressure of 500 kPa (and one measurement at total pressure 3000 kPa)
and temperature of 323 K for the system CHs—H,S-MDEA-H,0 and 50.1 wt% aqueous MDEA®. Methane is used as makeup gas.

T Prot Prs uc(Pas) Qglob uc(aglob) Qg uc(aiiq) NS
K kPa kPa kPa mol H,S global/mol MDEA  mol H,S global/mol MDEA  mol H,S liquid/mol MDEA  mol H,S liquid/mol MDEA
Experiment 1
322.98 493.81 299 0.03 0.096 0.003 0.095 0.001 9
322.98 480.01 11.27 0.12 0.214 0.005 0.211 0.002 9
322.98 500.72 49.11 0.43 0.490 0.005 0.477 0.002 7
322.98 604.01 177.59 1.20 0.822 0.006 0.775 0.003 10
Experiment 2
322.98 493.92 2.60 0.02 0.085 0.003 0.084 0.002 6
322.98 493.50 22.33 0.19 0312 0.004 0.303 0.002 6
322.98 498.13 72.79 0.56 0.588 0.006 0.559 0.003 8
322.98 530.82 139.10 0.93 0.760 0.013 0.703 0.006 5
322.98 545.53  168.46 1.06 0.820 0.039 0.751 0.020 9
32298 310696 179.67 1.52 0.820 0.039 0.745 0.020 8

2 Standard uncertainties not included above are u(T) = 0.02 K, u(P) = 0.6 kPa.
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Experimental vapor-liquid equilibrium data and their corresponding combined uncertainties as a function of total pressure and temperature for the system CHs—H,S-MDEA-
H,0 and 70 wt% aqueous MDEA®. Methane is used as makeup gas.

T Prot Piis uc(Pr2s) glob uc(agiob) Qg uc(atiq) NS
K kPa kPa kPa mol HyS global/mol MDEA  mol H,S global/mol MDEA  mol H,S liquid/mol MDEA  mol H,S liquid/mol MDEA
283.00 2011.87 3.48 0.03 0.232 0.003 0.231 0.003 9
283.00 6030.85 3.85 0.05 0.232 0.003 0.231 0.003 10
283.00 10052.50 4.68 0.04 0.232 0.003 0.231 0.003 7
352.99 1976.07  106.23 0.92 0.239 0.002 0.211 0.002 5
352.99 3954.66 108.30 0.98 0.239 0.002 0.210 0.002 10
352.99 5957.76  108.03 1.03 0.239 0.002 0.210 0.002 7
352.99 797636  111.95 1.04 0.239 0.002 0.209 0.002 6
352.99 9988.18 11142 1.12 0.239 0.002 0.208 0.002 6
393.00 202440 375.10 1.46 0.246 0.002 0.167 0.002 8
392.99 5979.36  376.17 1.72 0.246 0.002 0.165 0.002 10
393.00 992529  364.18 1.97 0.246 0.002 0.167 0.002 8
283.00 1975.74 13.13 0.15 0.488 0.002 0.484 0.002 7
283.00 5990.55 17.37 0.28 0.488 0.002 0.482 0.002 5
283.00 10045.17 21.56 0.24 0.488 0.002 0.480 0.002 6
352.92 2006.00 264.36 130 0478 0.002 0.415 0.002 7
352.92 5980.37  281.97 1.57 0.478 0.002 0.408 0.002 8
352.92 9975.23  300.30 1.67 0.478 0.002 0.402 0.002 8
393.05 974.22 83443 0.49 0.484 0.002 0.304 0.003 3
393.00 2034.17  818.12 2.26 0.484 0.002 0.308 0.003 8
393.01 589345 806.74 3.34 0.484 0.002 0.309 0.003 7
393.00 9915.85  809.32 3.68 0.484 0.002 0.307 0.003 9
¢ Standard uncertainties not included above are u(T) = 0.02 K, u(P) = 0.6 kPa.
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Fig. 2. Equilibrium H,S partial pressures as a function of liquid loading and total
pressure for 50 wt% MDEA-H,0 at 323 K. @ Py, = 500 kPa (This work, Experiment 1),
O Pyt = 500—600 kPa (This work, Experiment 2), ¢ P = 500—700 kPa [29],
Pior = 1500 kPa [30], X Pyor = 3000 kPa (This work), » Py = 7000 kPa [30].

similar conditions. These data together with Sadegh et al.'s data
[30] at total pressure of 1500 kPa and 7000 kPa show that, for a
given liquid loading, an increase in the total pressure of the system
leads to an increase in the H,S partial pressure. Our single mea-
surement at total pressure of 3000 kPa for this system follows this
trend, too. An exception is the last point reported by Dicko et al. at
i = 0.832 mol HpS/mol MDEA, which also differs from the trend
in our data. This point is measured at total pressure 700 kPa but lies
between the data reported by Sadegh et al, at 1500 kPa and
7000 kPa total pressure. Here it is important to mention that the
measurements reported by Dicko et al. are global loadings, and the
liquid loadings shown in Fig. 2 are the ones calculated by the
authors.

@, (mol H,S/mol MDEA)

Fig. 3. Experimental H,S solubility in a 70 wt% MDEA-H,0 system with methane as
makeup gas at total pressure of 2000 kPa at temperature; @ 283 K, A 353 K and
393 K. Error bars for both HyS partial pressure and loading are included.

The observation of increased H,S partial pressure upon increase
in total pressure can be made also for the 70 wt% aqueous MDEA
system for the temperatures of 283 K and 353 K. The deviations in
partial pressure are higher for higher global loadings. On the other
hand, the liquid loading remains unchanged at 283 K while the one
at 353 K seems to decrease. At 393 K, not clear trends are shown.
This behavior is noticed for all global loadings, though the fact that
the water present in the vapor phase could not be quantified
through the GC analysis, and it was therefore calculated based on
the vapor pressure of the solvent under the assumption that it was
constant with increasing total pressures, might have its share on
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Fig. 4. H,S liquid phase loading of a 70 wt% MDEA-H,0 system with methane as
makeup gas as a function of total pressure and temperature; ® 283 K, 4 353 K and
393 K. Error bars for both total pressure and liquid loading are included.

the latter. The effect of temperature is the expected one given the
exothermic nature of the chemical reactions; the lower the tem-
perature, the higher the absorption of HS in the liquid phase at
constant partial pressure of hydrogen sulfide. The features dis-
cussed above are illustrated in Fig. 3 and Fig. 4. It is worth
mentioning that error bars representing the uncertainty in pres-
sures and loadings are included in the figures, however un-
certainties in pressure are too low to be visible.

Although there is a clear trend of the pressure effect on the
partial pressure of H,S, taking into account the uncertainties, it can
be seen that the deviations in liquid loading are similar to the
experimental uncertainty. In fact, at 283 K and for global loading
0.232, no change at all in liquid loading is observed. The fact that
hydrogen sulfide is chemically bound to the amine reinforces the
argument that the differences in loading are due to uncertainty in
measurements. The amount of methane dissolved in the liquid
phase is too low to have an impact on the reaction of hydrogen
sulfide with the amine solution which is an exothermic reaction
whose reversion requires high amounts of energy. Overall, it is
observed that the effect of increasing the total pressure from
2000 kPa to 10000 kPa in terms of H,S loading in a 70 wt% aqueous
MDEA at temperatures of 283 K, 353 K and 393 K is not significant
and, in most cases, it is within or very close to experimental
uncertainty.

As Sadegh et al. [30] showed, taking into account the gas
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Fig. 5. Equilibrium H,S fugacities as a function of liquid loading and total pressure for
50 wt% MDEA-H,0 at 323 K. @ Pyt = 500 kPa (This work, Experiment 1), O
Pyt = 500—600 kPa (This work, Experiment 2), ¢ Py = 500—-700 kPa [29],
Pror = 1500 kPa [30], X Pyor = 3000 kPa (This work, Experiment 2), + Peor = 7000 kPa
[30].
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Fig. 6. Hydrogen sulfide molar concentration in the liquid phase for the system
CH4—H,S-MDEA-H,0 as a function of partial pressure and amine concentration at total
pressures 6000—6900 kPa and at 283 K; ¢ 35 wt% MDEA-H,0 [25], i 50 wt% MDEA-
H,0 [25], O 70 wt% MDEA-H,0 (This work).

fugacities is adequate to explain the deviations of the equilibrium
H,S pressures at different total pressures for a 50 wt% aqueous
MDEA. Indeed, Fig. 5 shows how the fugacity exhibits the same
behavior for all data obtained in a 50—50.1 wt% MDEA-H-O0 solution
in the presence of methane from different literature sources. The
figure is similar to one provided by Sadegh et al. [30], this time
enriched with our data at total pressure of 500 and 3000 kPa
demonstrating the same behavior. The fugacities were calculated
using Peng-Robinson EoS with binary interaction parameters set to
zero. As far as the data obtained for the 70 wt% aqueous MDEA are
concerned, the fugacity can explain the partial pressure trend
observed for our data at 283 K and 353 K. At 393 K, the uncertainty
in liquid loadings are such that no solid conclusions can be drawn.

The effect of amine concentration was also studied by means of
comparison with reported data in the literature at 283 K and 393 K,
shown in Fig. 6 and Fig. 7 respectively. Data at 353 K in our range of
loading and pressure are not available in the literature, therefore no
comparison could be performed. A clear effect of increasing molar
concentration with increasing amine concentration and constant
H,S pressure can be seen in the comparison performed at 283 K.
This can be expected since the more amine available, the higher the
capacity of the solvent. It is important to state that the literature
data are reported only from one reference source [25] where
methane makeup gas was also used. Because of the effect of
methane presence, we have plotted the available data at similar
total pressures; our data only for total pressure of 6000 kPa and the
literature data at total pressure of 6900 kPa in order to allow for a
fairer comparison. The molar concentration of H,S is also increasing
with amine content in the solution at 393 K, but only up to 50 wt%.
Our data at 70 wt% overlap with the literature data obtained in a
50 wt% aqueous MDEA study. This is illustrated in Fig. 7 where we
have only plotted the data with very little methane or with total
pressure of 2000 kPa from our work.

Hydrogen sulfide can react directly with MDEA through a typical
acid-base reaction [2]. At the same time, the presence of water
would enhance the acid gas uptake through the dissolution of
hydrogen sulfide as well the protonation of the amine. Therefore,
we could identify two possible mechanisms through which HsS is
absorbed; one directly into the amine and one via water. Moreover,
hydrogen sulfide absorption in MDEA-H,0 is the result of both
physical and chemical absorption. Therefore, in order to provide a
good discussion about the behavior observed in Figs. 6 and 7, the
physical absorption of hydrogen sulfide into MDEA-H,0 systems
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Fig. 7. Hydrogen sulfide molar concentration in the liquid phase for the system H,S-
MDEA-H,0 as a function of partial pressure and amine concentration at 393 K;
11.8 wt% MDEA-H,0 [12], m 18.7 wt% MDEA-H0 [17], + 23.1 wt% MDEA-H,0 [23], —
32.2 wt% MDEA-H,0 [17], ® 48.8 wt% MDEA-H,0 [12], x 48.8 wt% MDEA-H,0, A 50 wt
% MDEA-H0 [23], O 70 wt% MDEA-H0 (This work).

should be taken into account. To our best knowledge, only Rinker
and Sandall [59] have reported such information. They measured
H,S solubility in protonated aqueous MDEA and their measure-
ments showed that the solubility increases with amine content.
Although the available data cover 0—50 wt% MDEA-H,0 systems, it
can be assumed that the same trends would be followed and the
physical absorption of H;S in to a 70 wt% aqueous MDEA is higher
than in a 50 wt% aqueous MDEA.

Based on the above, the fact that xyys is not increased with
amine content from 50 to 70 wt% at 393 K and constant H;S
pressure indicates that the contribution of the chemical absorption
decreases as the amine content increases. This can be also
confirmed by observing the slope of indicative tendency curves in
Fig. 7 (better illustrated in Fig. S7 in Supplementary Information,
where non-logarithmic scale is used for the y axis). The slope re-
veals information about the absorption capacity of the systems. It is
observed that as the amine composition increases, the P-x curve has
a lower slope (apparent Henry's constant). The lower the slope, the
closer to linearity and, thus, higher physical absorption. For
example, at 500 kPa, the apparent Henry's constant is 535 kPa m>/
kmol for 11.8 wt% MDEA-H,0 and 300 kPa m3/km01 for 48.8 wt%

Table 10
Experimental vapor pressure P°/kPa for pure MDEA®.
T (K) P (kPa)
Experimental DIPPR This work (Table 11)
Predicted ~ ARD (%)  Predicted  ARD (%)"

405.34 1.79 1.95 9% 1.79 0%
411.00 2.29 2.53 10% 234 2%
415.31 2.79 3.06 10% 2.86 2%
418.58 3.29 3.54 7% 331 1%
421.73 3.79 4.05 7% 3.80 0%
424.52 4.29 4.55 6% 4.28 0%
427.21 4.79 5.09 6% 4.80 0%
429.49 5.29 5.59 6% 5.28 0%
431.60 5.79 6.08 5% 5.76 0%
433.49 6.29 6.56 4% 6.22 1%
435.34 6.79 7.05 4% 6.71 1%

2 Standard uncertainties are u(T) = 0.1 K, u(P) = 0.1 kPa.
pored _ pew

b 9
ARD (%) = +——5—100
P

Table 11
Parameters for the Antoine correlation for pure MDEA vapor pressure’.
A B C
MDEA 9.676 + 0.014 —1965.6 + 8.9 —99.33 + 0.69

2 logjoP* =A+ #BC . Tin K. Pin Pa. Temperature range: 294—738 K.

Table 12
AARDs for the fitted Py, FPD and HE for the MDEA-H,0 system.
Variable Source AARD (%)
Prot Kim et al. [33] 1.1
Xu et al. [34] 19
Voutsas et al. [35] 6.4
Overall 25
FPD Chang et al. [31] 103
Fosbel et al. [32] 44
Overall 6.0
HE Posey [36] 7.6
Maham et al. [37] 3.1
Maham et al. [38] 11.5
Overall 74

MDEA-H,0 at 393 K. This behavior is followed also at higher
pressure; at 3000 kPa, the apparent Henry's constant is
1169 kPa m?/kmol for 11.8 wt% MDEA-H,0 and 715 kPa m?/kmol for
48.8 wt% MDEA-H,0 at 393 K. Unfortunately, our data are too few
to assess the P-x linearity for 70 wt% MDEA-H,0, nonetheless it can
be said that the chemical contribution in the overall H,S uptake is
decreased. In the case of low temperatures such as in our studied
temperature of 283 K, these effects could probably not be visible
because the absorption capacity is very high and our data as well as
the data reported in the literature are produced for low H,S partial
pressure.

Ebulliometer. The measurements conducted in the ebulli-
ometer are shown in Table 10. The main limitation of ebulliometric
measurements is the absence of stirring. Experimental measure-
ment of the vapor pressure of the binary mixtures used in this work
was not possible because two phases formed, associated with the
high viscosity of pure MDEA, i.e. ca. 77 mPa s at 298.15 K [60—62].
Therefore, only the vapor pressure of MDEA was measured.

5.2. Modeling results

In this section, we present first the results from the ebulliometer
following by the modeling results for the high-pressure VLE data,
since the first ones are used in the model parametrization for the
H,S-MDEA-H,0 equilibrium.

Ebulliometer. The Antoine correlation was fitted to available
data from the literature (Table 3) as well as the newly obtained data
of this work, covering a large range of temperatures and pressures.
In Table 10, our experimental measurements are compared with
the predicted vapor pressures by our fitted Antoine correlation and
the DIPPR equation. At the temperature range of 405—435 K studied
in this work, the absolute relative deviation (ARD) between the
experimental and the estimated value is 7% with DIPPR equation
and 1% in our correlation, which has been fitted to available data in
the literature covering temperatures from 293 K to 738 K. The new
parameters for Antoine correlation proposed for the estimation of
the vapor pressure of MDEA, are shown in Table 11. The Average
Absolute Relative Deviation (AARD) is 4% for our correlation and
30% for DIPPR. The high deviation for DIPPR equation is mainly due
to the vapor pressure predictions at temperatures higher than
530 K, which explains the high AARD. In the fitting, we excluded
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Table 13
BIAS?, AADs” and AARDs® for the fitted total pressures, Pyor, and H,S partial pressures, Py, for Cases A, B and C.
Source Case A Case B Case C
Pressure range Bias AAD  AARD  Pressure range Bias AAD  AARD  Pressure range Bias AAD  AARD
kPa (%) kPa (%) kPa (%) kPa (%) kPa (%) kPa (%)
Partial pressure, Pyas
Lemoine et al. [28] 0.023-1.611  —42.8 0.1 42.8 0.176-1.611  —27.0 0.2 27.0 0.176-1.611  -23.7 0.1 237
Huang and Ng [23] 0.0033-3673 —-32.7 80.4 38.8 2.34-3673 -5.0 82.9 8.6 2.34-3673 —-25 69.0 133
Rogers et al. [24] 0.00069-5.268  —25.7 0.1 322 0.2-5268 —12.1 0.2 13.0 0.2-5.268 -6.8 0.2 123
MacGregor and Mather [14] 0.52-1600 48.4 19.3 48.7 0.52—-1600 36.6 115 37.7 0.52-1600 49.0 15.8 49.2
Jouetal. [21] 0.00183-313 -8.1 59 23.6 0.295-313 —-2.0 3.6 13.0 0.295-313 6.1 59 134
Jouetal. [12] 0.0013-5890 182 125.6 29.7 0.0273-5890 9.5 109.7 17.6 0.0273—-5890 139 105.7 20.6
Zoghi and Shokouhi [22] 28-1361 242 42.4 26.2 14-1361 144 321 16.4 14—-1361 204 36.5 222
Maddox et al. [27] 13.23-1536.6 -49 74.8 15.2 13.23-1536.6 -85 78.0 134 13.23-1536.6 -6.4 771 139
Huttenhuis et al. [25] - - - - - - - - 0.141-1.495 -35.0 0.3 35.0
Dicko et al. [29] - - - - - - - - 3-278 -170 116 170
Sadegh et al. [30] - - - - - - - - 53-386 -10.9 114 109
This work - - - - - — - - 2.60-818.12  —20.2 36.5 213
Overall 0.9 704 304 35 66.2 17.8 5.1 584 20.6
Total pressure, Pyot

Kuranov et al. [17] 165.2—4895.9 -9.6 2403 125 165.2—4895.9 -10.5 2411 13.6 165.2—-4895.9 —-10.0 2415 129
Kamps et al. [18] 147.9-2783  -152 2137 16.0 147.9-2783  -20.8 2315 20.8 147.9-2783  -13.7 1735 14.2
Sidi-Boumedine et al. [19] 6.21-1040 -10.8 55.4 12.6 6.21-1040 —-16.4 70.3 16.7 6.21-1040 -99 56.2 11.0
Overall —11.0 1944 13.2 —139 2029 15.8 —108 1879 12.7

) 1ppred _ pexp
2 BIAS (%) :NZ%'

b AAD — %Z‘med _ ngp

100,

red P;xp
T~ pexp |
p/s P

o1
© AARD (%) = 1>~ -100

the data from Kim et al. [33] which are slightly higher than the data
obtained on the same conditions by Daubert et al. [40] as well as
our measurements. However, including those data leads to
modelled vapor pressures with only the slightly higher AARD of 5%.

High-pressure VLE. The parameter fitting for the MDEA-H,0
system returned satisfactory AARDs for all three variables fitted, i.e.
VLE (Pyt), FPD and HE, as described in Sections 2.2 and 4. The
calculated AARDs for each variable are shown in Table 12.

The model can predict very well the total pressure of the binary
system, as witnessed above by the low AARD. The excess enthalpy
HE can be well predicted at temperatures of 298.15 and 313.15 K,
though the model yields lower excess enthalpies at 338.15 K for
MDEA concentrations lower than 85 wt%. At this temperature, the
model was fitted to experimental data reported by Maham et al.
[38] which shows the highest AARD. The corresponding figures for
the total pressure, excess enthalpy and the freezing point depres-
sion are presented in Section C of Supplementary Information.

The fixed parameters in Table 7 and the regressed parameters
for the binary subsystem MDEA-H,0 (Supplementary Information)
were used for the regression of the ternary system H,S-MDEA-H,0.
Initially, all the data from Table 1 were used for the parametrization
of the model, except for the data from Li and Shen, as well as the
data in the presence of methane (Case A). The data obtained in the
presence of nitrogen were all included. The scatter already dis-
cussed earlier at low loadings resulted in high AARD, especially for
the data points reported in terms of partial pressure of HS. The
high deviations are also attributed to the much lower values of
partial pressures in comparison with total ones, leading to higher
relative numbers. Therefore, we have decided to also perform the
data regression excluding all data at loadings lower than
0.05 mol H,S/mol MDEA (Case B). This indeed improved substan-
tially the fitting of the partial pressures, as one can see in the AARDs
in Table 13, from approximately 30%—18%. The parity plot for the
predicted and experimental values is shown in Fig. 8 while Fig. 9
shows the difference between predicted and experimental H,S

partial pressure as a function of the experimental value.

Significant scatter can be seen in the plots above at the lower
pressures. At pressures P < 1 kPa, the model underestimates the
data from Lemoine et al. [28] while overestimating the data from
Jou et al. [12] and MacGregor and Mather [14]. The accuracy of the
model is good for the data from Rogers et al. [24] and Jou et al. [21],
with some data being underpredicted. The visual observations are
depicted on the bias and AARD (%) calculations presented in
Table 13. The negative bias whose absolute value is the same as the
AARD for Lemoine et al.'s work shows that all data have been
underestimated by the model. In addition, the fact that the AAD for
this source is 0.2 kPa shows that the high AARD of 27% is due to the
low values in partial pressures. At intermediate pressures, the
scatter is less pronounced, but still the model overpredicts the data
of MacGregor and Mather [14] and Jou et al. [12]. The BIAS and
AARDs for these two are —37% and 38% and —-27% and 27%
respectively, while the rest of the sources show AARDs lower than
17%. At higher pressures, both Figs. 8 and 9 show that the model can
predict well the literature data.

Overall, maximum AARD was found for the data from Mac-
Gregor and Mather [14] showing an almost 50% AARD in Case A and
38% in Case B. The minimum deviations observed were for the data
from Maddox et al. [27] in Case A (13%) and from Huang and Ng [23]
in Case B (9%). From the three experimental sets of total pressure,
the one reported by Kuranov et al. showed the lowest deviations for
both cases. Similar observations were made also by Huttenhuis
et al. [20] during the evaluation of their model developed for the
H2S-MDEA-H20 system. Although the model framework they used
(electrolyte EoS for both phases) differs from ours, their model
predictions also showed highest deviations for the data from
MacGregor and Mather and lowest for the data from Maddox et al.
[27] and Kuranov et al. [17]. Fig. 10 shows experimental and
modelled values for a 50 wt% aqueous MDEA system as a function of
temperature in Case B.

The differences in H,S partial pressure noticed in the literature
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10! 10? 10° 10
Pe% (kpa)
2

Fig. 8. Parity plot for different literature sources; O Lemoine et al. [28], Huang and Ng

[23], 0 Rogers et al. [24], X (MacGregor and Mather [14], v Jou et al. [21], + Jou et al.
[12], 0 Zoghi and Shokouhi [22], (1 Maddox et al. [27], (—) y = x.
30 T T ! ' 1

ol L . . L |

10°
exp

PHZS (kPa)

Fig. 9. Difference between predicted and experimental H,S partial pressure as a
function of the experimental value. O Lemoine et al. [28], = Huang and Ng [23], 0
Rogers et al. [24], x MacGregor and Mather [14], v Jou et al. [21], + Jou et al. [12], 1
Zoghi and Shokouhi [22], 11 Maddox et al. [27].

data as well as in our data obtained in the presence of methane for
relatively low total pressure levels, are comparable to the accuracy
of the model. Therefore, since also the effect of methane in the
liquid loading has been found to be negligible for a 70 wt% MDEA-
H,0, we also fitted the model to data available in the presence of
methane. However, the code was not modified but, instead, the
data for partial pressure of H,S and loading were used as if methane

0 0.2 0.4 0.6 0.8 1 1.2 1.4 16
a (mol HZS/mol amine)

Fig. 10. Hydrogen sulfide loading for 50 wt% MDEA-H,0 as a function of partial
pressure and temperature; (red) 313 K, (green) 343 K, (blue) 373 K, (orange) 393 K; (—)
model, * Huang and Ng [23], A Rogers et al. [24] (1998), O Jou et al. [21] (1993).
Regression in Case B.

10°F 5

0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1
« (mol HZS/mol amine)

Fig. 11. Hydrogen sulfide loading for 70 wt% MDEA-H,0 as a function of partial
pressure and temperature; (brown) 283 K, (green) 353 K, (orange) 393 K; (—) model, O
This work. Regression in Case C.

was not present. Only data with maximum total pressure of
2000 kPa were considered, due to the more significant Pyys de-
viations observed at higher pressures in the literature for a 50 wt%
aqueous MDEA (Case C). To sum up, three cases were studied:

Case A. Regression of all available data in the absence of
methane.

Case B. Regression of all available data in the absence of
methane and loadings o > 0.05 mol H,S/mol MDEA.

Case C. Regression of all available data in the absence of
methane and loadings ¢ > 0.05 mol H,S/mol MDEA, and the data
in the presence of methane, loadings o > 0.05 mol H,S/mol
MDEA and maximum total pressures Py of 2000 kPa.

The model parameters obtained from the data regression in
each case studied are given in Supplementary Information. Fig. 11
shows experimental and modelled values for a 70 wt% aqueous
MDEA system as a function of temperature in Case C while Table 13
contains information about each regression in terms of Bias, AADs
and AARDs. The performance of the model for a 70 wt% MDEA-H,0
system is good, especially considering the few data available for this
solvent concentration. In Table 13, it can be seen that the accuracy
of the model does not significantly change upon the addition of the
experimental points with methane in the regression. The overall
AARD for the partial pressure is altered from 18% to 21%, which is
also the AARD calculated for the data published in this work. The
data from MacGregor and Mather [14] exhibit again the highest
deviations while the measurements reported by Sadegh et al. [30]

Mol fraction of Species (-)

0 0.1 0.2 03 0.4 0.5 0.6 0.7 0.8 0.9 1
« (mol HZS/moI amine)

Fig. 12. Predicted speciation of H,S, MDEA and H,0 in 70 wt% MDEA-H,0 at 353 K. (—)
H.S, (—) MDEA, (—) H,0, (—) MDEAH™, (- -) OH™, (- -) HS".
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in total pressure of 1500 kPa with methane as makeup gas show the
lowest deviation, 11%. The slight deterioration of the fitting for the
equilibrium H3S can be also attributed to the fact that experimental
points obtained for high amine concentrations are used, i.e. 70 wt%
in this work, but it can also be the result of the sensitivity of the
algorithm to the numerical method. To illustrate the latter, we
repeated the data regression for Case A. The resulted AARDs were
29.8% and 30.1%, using the exact same data and fixed parameters.
As far as the ability of the model to predict the total pressure is
concerned, the accuracy has surprisingly improved. This is merely a
lucky coincidence due to the fitting of the experimental points for
methane-included systems.

Speciation information is necessary in the development of
process models for the accurate design and operation of gas pro-
cessing plants. Speciation results, calculated with the model pre-
sented in this work, are provided in Fig. 12 where mole fractions of
all the species in the liquid phase are plotted against liquid loading
for 70 wt% aqueous MDEA at 353 K. It is shown that as the loading
increases, the concentration of MDEA declines and the concentra-
tion of protonated amine MDEAH™" increases. At loadings close to 1,
most of the amine has been protonated and the mole fractions of
MDEA and H,S are equal. The curves representing MDEAH" and
HS™ overlap, a behavior expected since the formation of sulfide was
not taken into account due to its low concentration, therefore the
amount of HS™ and MDEAH™ formed are balanced. H30"™ and OH™
also overlap and they are practically zero throughout the loading
range. No experimental data were found for the speciation distri-
bution in the H,S-MDEA-H,0 system to confirm the model pre-
dictions. Speciation graphs for 50.1 wt% and 70 wt% MDEA-H,0 at
the temperatures studied in this work are provided in Supple-
mentary Information.

Overall, although the model developed in this work contains
MDEA, H;0, H,S and the relevant ionic species, it can predict vapor-
liquid equilibria for systems containing methane at low total
pressures with similar accuracy as the systems in the absence of
methane. However, it is recommended to be used only for rough
estimations for HyS—CH4-MDEA-H,0 system and a model taking
into account the methane solubility to be used if available. This
model should not be used for systems with total pressure higher
than 2000 kPa, where the gas fugacities change substantially.

6. Conclusions

Experimental vapor-liquid equilibrium data were measured for
a 50.1 wt% aqueous MDEA at temperature of 323 K and pressure up
to 3000 kPa as well as a 70 wt% aqueous MDEA at temperature of
283 K, 353 K and 323 K and pressures up to 10000 kPa, due to their
relevance for subsea H,S removal of natural gas. Therefore,
methane was used as makeup gas. The experimental data indicate
that the effect of total pressure on the liquid loading of the solvent
is within the experimental uncertainties, while for the 50 wt%
MDEA-H,0 system the impact on the partial pressure of hydrogen
sulfide is attributed to the non-idealities of the vapor phase and it is
lower with decreasing total pressure. The system H,S-MDEA-H,0
up to 70 wt% MDEA was modelled employing Peng-Robinson EoS to
describe the vapor phase and eNRTL activity coefficient model for
the liquid phase. The AARD for the partial pressure of H,S and for
the total system pressure was found to be 18% and 16% respectively.
The effect of including data in the presence of methane and
maximum total pressure of 2000 kPa in the data regression was
studied and found minimal. However, for higher total pressure and
different conditions than the studied ones, the use of models taking
into account the methane presence was suggested. Last but not
least, new parameters for Antoine correlation were proposed for
the estimation of the vapor pressure of MDEA based on our new

measurements and all available literature data covering a wide
temperature range.
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List of Symbols

Latin letters

a parameter of Eq. 10

Ao Debye-Hiickel parameter

b parameter of Eq. 10

c-a cation-anion

D Dielectric constant (—)

g Molar excess Gibbs energy (J/mol)
G eNRTL auxiliary function (—)

H Henry's constant (kPa m>/kmol)
Iy Ionic strength in mole fraction scale (mol/m?)
k Boltzmann constant (J/K)

m molecule

M Molecular weight (kg/kmol)

Na Avogadro number (mol~')

P Pressure (kPa)

TBORN Born radius (m)

Gas constant (J mol~' K1)

Absolute temperature (K)

Molar volume (m?/mol)

Weight fraction (—)

Mole fraction ()

eNRTL mole fraction (—)

Ionic charge (—)

Absolute value of the ionic charge (—)

NNXX3 <~
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Greek letters

o Loading (mol H,S/mol MDEA)

¥ Activity coefficient (—)

e Permittivity (F/m)

p Molar density (mol/cm?)

Ppdh Closest approach parameter of the Pitzer-Debye-Hiickel
formulation (—)

T Energy parameter (—)

Superscripts

E Excess property

exp Experimental value

1 Liquid phase

Ic Local composition

pdh Pitzer-Debye-Hiickel formulation

pred Predicted value

\Y Vapor phase

Subscripts

amb Ambient

c Critical

glob Global, refers to global loading ego, (mol HpS in the cell/
mol MDEA)

ij k Component in a mixture

ij Cross parameter

liq Liquid, refers to liquid loading &;;; (mol H,S/mol MDEA)

s solvent

w water

Abbreviations

AAD Average Absolute Deviation

AARD Average Absolute Relative Deviation

eNRTL electrolyte Non-Random Two Liquids

EoS Equation of State

FPD Freezing Point Depression

FTIR Fourier-Transform infrared

GC Gas Chromatography

MDEA Methyldiethanolamine

NP Number of data points

NS Number of vapor phase samples for GC analysis
VLE Vapor-Liquid Equilibrium

Appendix A. eNRTL model

The activity coefficients were calculated by the electrolyte Non-
Random Two Liquids (eNRTL) model [50]. The starting point for the
description of the liquid phase is the expression of excess Gibbs
energy as the sum of two terms; one related to the long-range
forces between the ions (first term) and one to the short-range
forces between all the species (second term):

gE gE,pdh gE. Ic

RT~ RT ' RT Al
This equation lead to:
Iny;=In ypdh +Inyl A2

The subscript pdh denotes Pitzer-Debye-Hiickel formulation for the
long-range interactions and the subscript Ic denotes Local
Composition model. The formulation of the former is:

1
ghpdh 1000\2 [4Agply 1
R~ (?Xk) M, P In 1+ppdhlx A3

By derivation, the activity coefficient is expressed according to:

Iny;P" = — (1000/M;)*Ag

x ZE Inf1+p L
Ppdh pdh'x

where Iy is the ionic strength and Ay is the Debye-Hiickel param-
eter, expressed as following:

Iy :%Zzizx,- A5
i

22E-21 1 L
+ | 4ilx X + Ppdn Ix

A4

3/2
1 (27Nod
Av=3 ( 1000 ) (DkT) A6

The reference state for the pdh term is infinite dilution in the mixed
solvent while the reference state for the Ic term is infinite dilution
in water. To account for the excess Gibbs energy of transfer from the
infinite dilution in the mixed solvent to the infinite dilution in
water, a term is added in the long-range interaction expression.
This additional term is described by the Born equation:

gEBORN o Nye? 11 Zx g A7
RT SWRTrBORNé‘g £ Ew
Further,
Nje? 1 1
BORN _ A o1\ 2
i ~ 8mRTrgorneo (65 £w>zl A8

The short-range contribution is described by the eNRTL model as
following:

E fe Z Z]X G]mij ZX Z Xa ZijjS,a’chc‘u’c
kakckm C ‘ a kakckm Zkach.a’c

. ZX Z X ZijGja,c’aTju,c’a
a ¢ I ZE”XC” ZkaGka,c’a

A9

where m, ¢ and a denote molecule, cation and anion, while X; = Gjx;
with j: m, ¢, a effective local mole fraction. Equations A10 and A1l
are given using the ion-like repulsion assumption and the local
electroneutrality assumption.

Zaxa Gca. m
Ge = &=a4—ca, m A10
T e
_ 2 XcGea,m
Gam = Al1l
Y Xe
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The G;; and 7;; parameters are related through the non-random-
ness parameter, d;:

G,-j:exp(—aijru) Al12

The equations presented below describe the non-randomness
parameters:

Xad,
Gom = Za alca, m A13
>aXa
Xca,
aamizc clca, m Al4
e Xe
The energy parameters 7imc, qc and Tmg, ¢q are given by:
m
Tme, ac = Tem — (Tca,m - Tm,ca) Al15
Ame,ac
Tma, ca = Tam — (Tca‘m - Tm.ca) A16
Ama,ac

where amcac = Aem and dgmac = Agm.The adjustable binary pa-
rameters are the non-randomness factors dcam, dcacas Aca,car Amms
and the energy parameters 7cam, Tm.ca» Tcaca's Tea'car Teacar Teacas
Tmm's Tm'm-

From Equation (A9), the activity coefficients are calculated:

For molecules:

Iny lc ijjcjrnij X Gy (Tmm' _ 21Xk Gl Tkm’)
2XkGm 4 Xk G 21Xk G
Xa Xﬁ Gmc,ac ZIchch.a’chc ac
+ - € T Tme.ac — =R = "emE A
2 ; Za”xa” ZI(Xkac,a’c < meae Zkach.a’c
Xe Xa’ Gma,ca ZkaGka caTkaca
+ = | Tmace v ~——
; ; ZH’XH ZkaGka.ca ( maca kakcka.c'a
A17

For cations:

Xm GCITI

Z d kxkckc. acTkedc
Z Z ”X ! kakckc.a’c m Zkaka
Xg Geac

ZkakaTkm> Xe a Yeaca
T + et
( Y XkGkm ; ;ZU’XH’ >kXkGraca

kakaa,c’aTka,c’a
Teada ~—— v ~

kakcka.aa
A18
For anions:
Z kaGka. caTka, ca XinGam
Zd’x " ZkaGka. ca m Zkaka
kakckakm> Xa XcGacac
Tam — + ~v -
( o kakckm z ;Zu”xa” kakckc.u'c
I Zkach,a’chc,a’c
acdc T T ~— v ~
Zkach.a’c
A19

The expressions of activity coefficients at infinite dilution are then:

lc,

In vy ™ =Twm + GmwTmw A20
1 Ic. Xa

—lny&® = T + GewT A21
Z Ye S Xa we,ac cwTew

l In 'Yfzc = Twa,ca + GawTaw A22
Zq Za

By combination of Equations (A2), A4, A7, A18 and A23, the activity
coefficient for the liquid phase is found by:

v, = Pdh BORN IC/,YICOO A23

where i =m, c or a for all components, besides the amine in this
work. For MDEA, the symmetric reference state for the short-range
interactions contribution, ijDEA is fixed to 1.

Appendix B. Peng-Robinson Equation of State

The fugacity coefficients were calculated by Peng-Robinson
equation of state [49]:

where:
°T¢ A25
2
b=0. 077801§)TC aT)=|14+m|1- T% A26
m=0.37464 + 1.542260 — 2.26992w° A27

The traditional van der Waals one-fluid mixing rules were used
for the estimation of the gas mixture parameters from the pure
components’ properties.

=3 xi(aam)ia
i

a(T)); (1 ky) A28

b= inbi A29
i

In our work, the binary interaction parameter k;; is set to zero, so
as the eNRTL model parameters are the only ones fitted.

The critical properties used in this work can be found in Sup-
plementary Information.

Appendix C. Supplementary data

Supplementary data to this article can be found online at
https://doi.org/10.1016/j.fluid.2020.112498.
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A. Critical properties and acentric factors for pure components

The critical properties and acentric factors employed in this modeling work were taken from
the DIPPR data compilation.

Table S1. Critical properties and acentric factors for pure components.

Components 7. (K) P.(Pa) V. (m*mol) o

H0 647.096  2.21E+07  5.59E-05 0.344861
MDEA 675 3.88E+06  3.68E-04 1.1649
HaS 373.1 9.00E+06  9.90E-05  0.23696

B. Model parametrization
The parameters obtained from the fitting for the MDEA-H>0 system are shown in Table S2.

Table S2. Fitted energy parameters for the MDEA-H>O system.

Energy parameters, t;

Components Parameters
i j a b
H,O MDEA 9.059 -1793.7
MDEA H,O -1.944 -198.1

The resulting parameters for the data regression for the ternary system H.S-MDEA-HO are
presented below. Tables S3, S4 and S5 include the adjusted parameters for Case A, B and C
respectively.

Table S3. Fitted energy parameters for the ternary system HoS-MDEA-H>0 in Case A.

Molecular parameters

Molecule pair a b
H,S, MDEA -0.664 -183.1
MDEA, H,S 4.258 -1163.2

Molecular-Salt parameters

Molecule,salt a b
H>O, MDEAH"-OH~ -11.137 -1903.6
H>O, MDEAH"-HS" -10.476 -598.0
H,S, MDEAH'-OH" -4.771 -2060.0
H>S, MDEAH™-HS~ 0.352 -284.1



MDEA, H;0*-OH" 2.403 -1310.8

MDEA, H;0*-HS™ 5.673 -2656.5
MDEA, MDEAH"-OH" 0.455 -83.5
MDEA, MDEAH"-HS™ -7.215 -1907.5

Salt-Molecules parameters

Salt pair, molecule a b
H3;0*-OH, MDEA 4.037 -619.4
H;0"-HS, MDEA 6.806 -688.4
MDEAH"-OH", H.O 4.725 -1692.1
MDEAH'-OH", H>S -7.238 411.1
MDEAH'-OH, MDEA -1.907 -1080.7
MDEAH'-HS", H,O 9.523 -2041.1
MDEAH*-HS", H.S -5.145 219.8
MDEAH'-HS", MDEA 1.587 -178.0

Table S4. Fitted energy parameters for the ternary system H>S-MDEA-H>O in Case B.

Molecular parameters

Molecule pair a b
H,S, MDEA -3.265 590.6
MDEA, H,S 17.920 1054.0

Molecular-Salt parameters

Molecule,salt a b
H>O, MDEAH"-OH~ 4217 360.0
H>O, MDEAH"-HS~ 3.594 -47.2
H,S, MDEAH'-OH" 3.405 540.3
H>S, MDEAH™-HS" 14.619 873.9
MDEA, H;0"-OH" -3.974 844.0
MDEA, H;0*-HS 17.788 1445.8
MDEA, MDEAH"-OH~ 3.547 -40.2
MDEA, MDEAH"-HS~ -2.384 791.2

Salt-Molecules parameters

Salt pair, molecule a b
H30"-OH, MDEA -0.769 1070.9
H3;0*-HS, MDEA 15.586 597.2



MDEAH'-OH", H,O 0.550 1122.8

MDEAH'-OH, H,S 3.150 -194.2
MDEAH'-OH, MDEA 6.254 507.4
MDEAH'-HS", H,O -4.342 930.1
MDEAH"-HS", H>S -9.752 818.3
MDEAH'-HS", MDEA 2.999 -764.9

Table SS. Fitted energy parameters for the ternary system HoS-MDEA-H>0 in Case C.

Molecular parameters

Molecule pair a b
H:S, MDEA 1.492 162.4
MDEA, H,S -4.406 -269.6

Molecular-Salt parameters

Molecule, salt a b
H>O, MDEAH"-OH~ -10.686 -419.5
H,O, MDEAH*-HS -2.435 590.1
H.S, MDEAH™-OH~ -1.992 916.7
H,S, MDEAH'-HS" 8.735 842.3
MDEA, H;0"-OH™ -3.271 -238.3
MDEA, H;O"-HS~ 1.882 323.1
MDEA, MDEAH"-OH- 0.828 273
MDEA, MDEAH*-HS -6.721 1583.4

Salt-Molecules parameters

Salt pair, molecule a b

H30"-OH, MDEA 3.513 387.9
H3;0"-HS", MDEA -3.453 482.6
MDEAH"-OH", H.0 4.356 1382.5
MDEAH'-OH, H.S 0.356 1212.6
MDEAH"-OH, MDEA 9.843 1455.7
MDEAH'-HS", H,O -2.550 1120.7
MDEAH"-HS", H>S -7.479 520.5
MDEAH'-HS ", MDEA 0.238 341.7




C. Modeling results
MDEA-H>O system
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Figure S1: P-x-y plot for the system MDEA-HO as a function of temperature; © 313 K, o 333
K, 0353 K, 0373 K (Kim et al., 2008)
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Figure S2: Excess enthalpy plot as a function of MDEA mole fraction and temperature; A 298
K (Mathonat et al., 1997), ¢ 298 K (Posey, 1996), A 313 K (Mathonat et al., 1997), v 338 K
(Maham et al., 2000).
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Speciation graphs for 50.1 wt.% and 70 wt.% MDEA-H>0 mixtures at the temperatures studied

in this work are presented below.
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Figure S4: Predicted speciation of H>S, MDEA and H>O in 50.1 wt.% MDEA-H>O at 323 K.
(—) H2S, (—) MDEA, (—) H20, (—) MDEAH", (- -) OH, (- -) HS".
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Figure S5: Predicted speciation of H2S, MDEA and H20 in 70 wt.% MDEA-H>O at 283 K.
(—) H2S, (—) MDEA, (—) H20, (—) MDEAH", (- -) OH, (- -) HS".
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Figure S6: Predicted speciation of HoS, MDEA and H>O in 70 wt.% MDEA-H>O at 393 K.
(—) H2S, (—) MDEA, (—) H20, (—) MDEAH", (- -) OH, (- -) HS".



D. Experimental results

Amine concentration effect
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Figure S7: Hydrogen sulfide molar concentration in the liquid phase for the system H»S-
MDEA-H>O as a function of partial pressure and amine concentration at 393 K; ¢+ 11.8 wt.%
MDEA-H>0 (Jou et al., 1982), m 18.7 wt.% MDEA-H20 (Kuranov et al., 1996), + 23.1 wt.%
MDEA-H20 (Huang and Ng, 1998), — 32.2 wt.% MDEA-H>O (Kuranov et al., 1996), » 48.8
wt.% MDEA-H20 (Jou et al., 1982), x 48.8 wt.% MDEA-H,0, A 50 wt.% MDEA-H,0O
(Huang and Ng, 1998), o 70 wt.% MDEA-H>O (This work).

E. Uncertainty analysis

Uncertainty of composition expressed as weight fractions, w

The standard uncertainty of the weight fractions of a binary mixture, here MDEA (1) and H>O

(2), is the same for each component. Given that the weight fraction is given by:

T
w = ——
! m; +m,
where m: mass, using the Law of propagation of uncertainty, the uncertainty in weight fractions

is defined as:

o) = (29) wm)+(22) ) @

1 m, 27 m,



The uncertainty is found:

u(m)

2_|_ 2 3
(my + my)? mitm ()

u(w) = u(w,) = u(w,) =

where u(m) is the uncertainty of the mass.
The uncertainty of the mass includes both the accuracy of the scale, Ugcqe (M) = 11076 kg,

and the purity of the chemicals used. It is calculated by the equation:

u(m) = \/ugcale (m) + ugurity,i(m) (4)

U purity () is calculated for each component, and it is equal to (1 — p)/+/3, where p=purity%
assuming uniform distribution is followed, given that no further information is available. It is

assumed that the water used in this work is 100% pure.

Uncertainty of pressure P and temperature 7'

The uncertainty of pressure and temperature refers to the measurement of pressure and
temperature both in the equilibrium cell and the gas tank, accommodating hydrogen sulfide
before it is introduced in the cell. The calibration method for the pressure transducers and

thermoelements is described in (Dicko et al., 2010). It has been assumed uniform distribution.

Table S6. Expanded uncertainties in temperature with 95% level of confidence.

Cell H>S gas tank
U(Tupper flange)  U(Thow flange) U(Ttank)
K K K
0.014 0.013 0.018

The temperature reported for every data point is the average of the temperature in the upper
and the lower flange of the equilibrium cell. The uncertainty is found to be «(7) = 0.019 K,
expanded uncertainty with 95% confidence interval U(T) = 0.038 K.

Table S7. Expanded uncertainties in pressure with 95% level of confidence.

Cell H:S gas tank
U(Po-smpa)  U(Po-30 mpa) U(Piank)
kPa kPa kPa
0.25 0.60 0.60

10



Uncertainty of the vapor fraction of H>S. yios

The composition of the vapor phase was experimentally determined via GC analysis, assuming
that there is no MDEA or water Following the Law of propagation of uncertainty, the
uncertainty of yws is found (Eq. 5). It is actually the same for ycha.

)\ (u(neya))’

where the fractions of the argument of the square root are given by the GC calibration for the
two compounds. Assuming again uniform distribution, the uncertainty of the vapor fraction of
each component is given by ug(y) /3. In order to take into account the repeatability of the

measurement, the uncertainty is calculated by:

u(y) = /uﬁep(y)+u3(y) (6)

Uncertainties related with the repeatability and the calibration are provided in the tables
below.

Table S8. Vapor phase analysis for the system CH4-H>S-MDEA-H>O with a 50.1 wt.%
aqueous MDEA solution at the studied total pressures and temperatures. y is given in a dry
basis. dy corresponds to the standard deviation due to repeatability measurements. u(y)
corresponds to uncertainties due to GC calibration.

T Prot CHj4 H2S CHy4 H:S
oy NS
kPa y y u(y) u(y)
Experiment 1
322.98 493.81 0.99381 0.00619  1.42E-04 2.3E-02 1.3E-02 9
322.98 480.01 0.97599 0.02401  5.49E-04 2.3E-02 1.3E-02 9
322.98 500.72  0.89978 0.10022  1.17E-03 2.3E-02 1.3E-02 7
322.98 604.01 0.70067 0.29933  2.60E-03 2.3E-02 1.3E-02 10
Experiment 2
322.98 493.92 0.99462 0.00538  6.56E-05 2.3E-02 1.3E-02 6
322.98 493.50 0.95375 0.04625  2.70E-04 2.3E-02 1.3E-02 6
322.98 498.13  0.85065 0.14935  7.32E-04 2.3E-02 1.3E-02 8
322.98 530.82 0.73254 0.26746  9.70E-04 2.3E-02 1.3E-02 5
322.98 545.53 0.68501 0.31499  1.48E-03 2.3E-02 1.3E-02 9
32298  3106.96 0.94197 0.05803 2.27E-04 2.3E-02 1.3E-02 8
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Table S9. Vapor phase analysis for the system CHs-H2S-MDEA-H>0 with a 70 wt.% aqueous
MDEA solution at the studied total pressures and temperatures. y is given in a dry basis. oy
corresponds to the standard deviation due to repeatability measurements. u(y) corresponds to
uncertainties due to GC calibration.

T Pt CH4 H:S by CH4 H2S NS
K kPa y y u(y) u(y)
283.00 2011.87 099827  0.00173  3.7E-05 7.4E-03 1.5E-02 9
283.00 6030.85 099936  0.00064  2.4E-05 7.4E-03 1.5E-02 10
283.00 10052.50 0.99953  0.00047  8.6E-06  7.4E-03 1.5E-02 7
35299 1976.07 0.94525  0.05475  4.0E-04  2.3E-02 1.3E-02 5
352.99 3954.66 097236  0.02764  2.6E-04  23E-02 1.3E-02 10
352.99 595776 098176  0.01824  2.5E-04  2.3E-02 1.3E-02 7
352.99 797636 098587  0.01410 1.5E-04  2.3E-02 1.3E-02 6
352.99 9988.18  0.98880  0.01120 1.9E-04  2.3E-02 1.3E-02 6
393.00 202440 0.80129  0.19871 2.6E-04  7.4E-03 1.2E-02 8
392.99 597936 093562  0.06438  2.0E-04  7.4E-03 1.2E-02 10
393.00 992529  0.96280  0.03720  7.1E-05 7.4E-03 1.5E-02 8
283.00 197574 0.99331  0.00665 1.4E-04  23E-02 1.3E-02 7
283.00 599055 0.99710  0.00290 1.4E-04  2.3E-02 1.3E-02 5
283.00 10045.17 099785  0.00215  5.0E-05  2.3E-02 1.3E-02 6
35292 2006.00 0.86600  0.13400  3.8E-04  7.4E-03 1.5E-02 7
352.92 598037 095259  0.04741 2.6E-04  7.4E-03 1.5E-02 8
35292 997523  0.96979  0.03021 1.3E-04  7.4E-03 1.5E-02 8

393.05 97422 0.00014 0.99986 1.2E-05 2.3E-02 1.2E-02
393.00 2034.17 0.56816 0.43184 4.7E-04 7.4E-03 1.2E-02
393.01 5893.45 0.85979 0.14021 6.4E-05 7.4E-03 1.2E-02
393.00 9915.85 0.91721 0.08279 3.2E-04 7.4E-03 1.2E-02

O 9 0 W

Uncertainty of the partial pressure of HoS, Pios

The partial pressure of hydrogen sulfide was calculated by Eq. (7) and the derived uncertainty
is shown in Eq. (8). It is the 1% term of the argument of the square root that decides the order

of the uncertainty.
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Pizs = Yuas(Prot — Psor) (7)

e (Pas) = J Prot — P5)% 12 (iaas) + 2 y2ps 2(P)  (8)

where u(P) is the pressure transducer’s uncertainty.

Uncertainty of the global loading of H»S. aion

Given that the global loading is given by:

Ny2s,cell
Aglob = €))
NMDEA

where ny,s in cerr: moles of HaS introduced from the gas tank with known PVT and,
nypga: Moles of MDEA introduced in the cell from VVP, assuming the amount of

MDEA in the vapor phase is negligible due its low vapor pressure.

The uncertainty is given by Eq. (10):

2 2
u(aglob) _ ag[g})\/(”(nHZS,cell)) i (u(nMDEA)> (10)

NH2S,cell NMDEA

The fraction u(n_H2S )/n_H2S is different than the one in Eq. (5), and it can be calculated by
the molar density of the gas tank before and after the pressurization of the cell with hydrogen
sulfide:

NH2s,cell = pbefore(Tr P) Vtank - pafter(Tf P) Vtank (11)

For the calculation of its uncertainty, the partial derivatives of density for temperature and
pressure are required and can be calculated by REFPROP® software for the pressures and

temperatures recorded.

In order to calculate the fraction u(n_MDEA)/n_MDEA, Egs. (12) and (13) are used:

Nypea = P T r2Al Xmpea (12)

where p: molar density, r: radius of the piston, and A/: piston displacement.

It is found that:

Wlnypes) _mr*ALp J(u(p)>2 . (“%D)Z (13)

NMDEA Mot p

where u(A1) is the accuracy of the highly-sensitive displacement transducer, i.e. 1:10° m.
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The density of the solvent was not measured; thus, its uncertainty must be also calculated

u(p) _ u(neoe) 2 (u(Vsolv)>2
P _\j< Ntot ) * Vsolv (14)

For the calculation of the uncertainty of the volume of the solvent u(V.n) through Eq. (15), the

according to:

molar volumes for MDEA and H>O were retrieved by (Bernal-Garcia et al., 2003).

uVsor) = \/Vlgzo u?(X20) + Vigpea U2 (Xmpga) (15)

where all are known.

Uncertainty of the liquid loading of H;S, «

The uncertainty of the liquid loading, or simply loading, is the same as the one for global
loading (Eq. (10)) except for instead of Ny cer, WE USE Npyas = Nyas et — Nipzs- The total
moles in the vapor phase, n},;, as well as the moles of H2S in the vapor phase, n};,s, can be
estimated using an accurate model like GERG EoS (Kunz and Wagner, 2012) since the

pressure, temperature, volume and composition of the vapor phase are known.

Therefore, u(ny,s) = \/uz(nHZS,cell) +u?(nf,s) (16)

The first term of argument of the square root was calculated earlier, while the second term is

calculated by Egs. (17) - (19).

UClas) = (Vi ¥2008a0) + (ko) 12 (ry5) (17

u(nipe) = \/Vlziap u? (pvap) + p12;ap uz(Vvap) (18)

u(Vvap) = \/uz (Vcell) + u? (Vsolv) (19)

where u (V) is known from the calibration of the cell, i.e. 5-10% m>.

It is expected that the uncertainty of the liquid loading will be higher than the one for global
loading (see Eq. (16)), since the first is also a function of the moles introduced in total in the
cell from the gas tank.

14



Bibliography

Bernal-Garcia, J.M., Ramos-Estrada, M., Iglesias-Silva, G.A., Hall, K.R., 2003. Densities and
Excess Molar Volumes of Aqueous Solutions of n-Methyldiethanolamine (MDEA) at
Temperatures from (283.15 to 363.15) K. J. Chem. Eng. Data 48, 1442—1445.
https://doi.org/10.1021/je030120x

Chang, H.T., Posey, M., Rochelle, G.T., 1993. Thermodynamics of alkanolamine-water
solutions from freezing point measurements. Industrial & engineering chemistry
research 32, 2324-2335.

Dicko, M., Coquelet, C., Jarne, C., Northrop, S., Richon, D., 2010. Acid gases partial
pressures above a 50 wt% aqueous methyldiethanolamine solution: Experimental
work and modeling. Fluid Phase Equilibria 289, 99-109.
https://doi.org/10.1016/j.fluid.2009.11.012

Fosbel, P.L., Pedersen, M.G., Thomsen, K., 2011. Freezing Point Depressions of Aqueous
MEA, MDEA, and MEA-MDEA Measured with a New Apparatus. J. Chem. Eng.
Data 56, 995-1000. https://doi.org/10.1021/je100994v

Huang, S.H., Ng, H.-J., 1998. Solubility of H2S and CO2 in Alkanolamines (No. RR-155).
Gas Processors Association.

Jou, F.Y., Mather, A.E., Otto, F.D., 1982. Solubility of hydrogen sulfide and carbon dioxide
in aqueous methyldiethanolamine solutions. Ind. Eng. Chem. Proc. Des. Dev. 21,
539-544. https://doi.org/10.1021/i200019a001

Kim, L., Svendsen, H.F., Borresen, E., 2008. Ebulliometric Determination of Vapor—Liquid
Equilibria for Pure Water, Monoethanolamine, N-Methyldiethanolamine, 3-
(Methylamino)-propylamine, and Their Binary and Ternary Solutions. J. Chem. Eng.
Data 53, 2521-2531. https://doi.org/10.1021/je800290k

Kunz, O., Wagner, W., 2012. The GERG-2008 Wide-Range Equation of State for Natural
Gases and Other Mixtures: An Expansion of GERG-2004. J. Chem. Eng. Data 57,
3032-3091. https://doi.org/10.1021/je300655b

Kuranov, G., Rumpf, B., Smirnova, N.A., Maurer, G., 1996. Solubility of Single Gases
Carbon Dioxide and Hydrogen Sulfide in Aqueous Solutions of N-
Methyldiethanolamine in the Temperature Range 313—413 K at Pressures up to 5
MPa. Ind. Eng. Chem. Res. 35, 1959-1966. https://doi.org/10.1021/ie950538r

Maham, Y., Mather, A.E., Mathonat, C., 2000. Excess properties of (alkyldiethanolamine
+H20) mixtures at temperatures from (298.15 to 338.15) K. The Journal of Chemical
Thermodynamics 32, 229-236. https://doi.org/10.1006/jcht.1999.0595

Mathonat, C., Maham, Y., Mather, A.E., Hepler, L.G., 1997. Excess Molar Enthalpies of
(Water + Monoalkanolamine) Mixtures at 298.15 K and 308.15 K. J. Chem. Eng.
Data 42, 993-995. https://doi.org/10.1021/je960304u

Posey, M.L., 1996. Thermodynamic model for acid gas loaded aqueous alkanolamine
solutions.

15



4.2 Vapor-liquid equilibrium study for the system H>S-CHjs-
MDEA-MEG-H:;O

4.2.1 Aim of the study

The motivation for this study was to gain more understanding regarding the effect of MEG on
the absorption capacity of H2S in aqueous MDEA. An amine-glycol solution is promising for
the combined desulfurization and hydrate control of natural gas subsea, where typical pressures
can vary from some dozens to hundreds of bar. Therefore, this study also focused on the role
of increasing total pressure in the VLE behavior of the system. Investigation of the dehydration

performance of the system was not part of this work.

Vapor-liquid equilibrium data were obtained for hydrogen sulfide and a 30 wt% MDEA — 40
wt% MEG — 30 wt% H20 blend, in the presence of methane. Similar to the study in section 4.1,
methane was used to simulate the composition of the natural gas as well as a pressurizing
medium. The effect of total pressure was investigated by conducting experiments at 2000, 6000
and 10000 kPa and temperatures at 283, 353 and 393 K. Having produced new experimental
data for this system, a comparison with aqueous MDEA systems and other MDEA-MEG-H20
mixtures reported in the literature was performed. In addition, the data were used to estimate

the cyclic capacity of the solvent.

4.2.2 Experimental work

4.2.2.1 Materials

The chemicals used in this work are presented in Table 4.1. They were used without further
purification. The procedure for solution preparation was the same as presented in the previous
section of the chapter, where the chemicals were mixed under vacuum. A METTLER PM 1200
scale was used with an accuracy of 1:10”° kg. The blend’s composition was 30 wt% MDEA —
40 wt% MEG — 30 wt% H20 and the combined uncertainty for each component, including the
purity of the chemicals, was found to be u(wmpea)=0.001, u(wmec)=0.001 and u(wn20)=0.001.
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Table 4.1. Chemical Sample Table.

Component IUPAC name CAS Supplier Purity
N- 212 Sigma-
methyldiethanolamine  hydroxyethyl(methyl) 105-59-9 Al%irich >99 wt%
(MDEA) amino] ethanol)
Monoethylene glycol . Sigma- o
(MEG) ethane-1,2-diol 107-21-1 Aldrich 99.8 wt%
Water Oxidane - - Ultra-pure
Hydrogen sulfide Sulfane 7783-06-4  Air Liquide >99.5 vol%
Methane Methane 74-82-8  Air Liquide  >99.995 vol%

4.2.2.2 Experimental setup and procedure

The static-analytic apparatus presented in section 4.1 for the high-pressure VLE measurements
with aqueous MDEA, was also used for the MDEA-MEG-H20 system. The main parts of the
experimental rig are a variable volume press and gas tanks/bottles for introducing into the cell
the solvent and the gases respectively, the equilibrium cell of approximately 34 ml volume with
sampling capillaries and the gas chromatograph (GC). The temperature is controlled and
monitored by means of an oil bath and thermoelements located on the upper and lower flange
of the cell. The pressure is monitored inside the equilibrium cell by two pressure transducers,
one for low pressure (< 3 MPa) and one for high pressure (< 30 MPa). A thermoelement and a
pressure transducer are also attached to the HaS gas tank to allow for the measurement of the
pressure and temperature of the tank before and after the filling the cell, therefore, allowing for
the calculation of hydrogen sulfide amount via PVT data. The methodology followed to
calculate the number of moles and final loading are not repeated here, since they have already
been presented in the previous section. The only difference in these calculations is that the
excess volume of the liquid mixture at the studied temperatures was found using the density
model developed in the density study of this thesis (Chapter 3). The effect of pressure in the

liquid volume was considered negligible.

Hot deionized water and ethanol were used for the cleaning of the cell, tubings and sampling
capillaries. They were left to dry for at least 12 hours under vacuum. The experiment started by
introducing approximately 6 ml of solvent into the cell. Once the measurement temperature was

stabilized, hydrogen sulfide was added and was left to equilibrate. Equilibration was rather fast,
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1-2 hours, due to the fast reaction of H2S with MDEA and water. The next step was to fill
methane up to 2000 kPa and wait again for equilibrium for another 1-2 hours. Upon
pressurization, vapor phase samples were withdrawn, transferred through a heated line to the
GC and analyzed with a TCD detector. In the end of the analysis, the GC column was cleaned
by applying 493 K, while methane was added in the cell up to the next desired pressure, i.e.
6000 kPa. The procedure was repeated for total pressure of 6000 kPa and 10000 kPa, for every
studied temperature. The amount of hydrogen sulfide in the liquid phase was calculated based
on the GC analysis of the vapor phase and the mass balance, as explained in detail in section

4.1 under Experimental Procedure.

4.2.3 Results and discussion

4.2.3.1 Trends and effects

The high-pressure vapor-liquid equilibrium data obtained in this work with a 30 wt% MDEA —
40 wt% MEG - 30 wt% H20 solution are presented in Table 4.2, accompanied by the
corresponding uncertainties. Following NIST guidelines for reporting of the uncertainty in
experimental measurements, an extended uncertainty analysis was conducted based on the Law
of propagation of uncertainty (Taylor and Kuyatt, 1994). Uncertainty calculations were
performed according to the uncertainty analysis for the measurements with aqueous MDEA in
the previous section, which is provided in detail in the Supporting Information published with
the article. The only difference is the calculation of the uncertainty in the composition of the
solvent, since, here, it is a ternary system. However, the equations used for this uncertainty have
been listed in the uncertainty analysis conducted for the density and viscosity study presented

in Chapter 3, which is also provided in the Supporting Information of the article.

Table 4.2 includes, together with the experimental data, the standard uncertainties in
temperature and pressure, as they were estimated by the calibration and accuracy of the
measuring devices, in addition to the combined standard uncertainties in partial pressure of
hydrogen sulfide, global and liquid loading. Overall, it is observed that the uncertainties are
low. Similar to the work for 70 wt% MDEA — 30 wt% H20, the uncertainty in Py, s increases
with increasing total pressure, which is the main contributor in the uncertainty u(Py,s). The

uncertainty in the loadings, global and liquid, is the result of the product of the loading itself
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and a term depending mainly on the uncertainty of the mol of HzS inside the cell for the global
loading and the mol of HaS in the liquid phase for the liquid loading. As a result, at the higher
loadings of this work, the second term of the product is lower, leading to similar loading
uncertainties in all cases.

Table 4.2 Experimental vapor-liquid equilibrium data and their corresponding combined uncertainties

as a function of total pressure and temperature for the system CH4-H,S-MDEA-MEG-H,0 and 30 wt%
MDEA — 40 wt% MEG — 30 wt% H,O". Methane is used as makeup gas.

T Peot Py,s uc(Py,s) Olglob ue(tglob) Olliq uc(uiq)
kPa kPa kPa mol H,S mol H,S mol H,S mol H,S
global/ global/ liquid/ liquid/

mol MDEA mol MDEA mol MDEA mol MDEA

283.05 197255 0.66 0.01 0.199 0.004 0.199 0.002
283.05 6197.73  0.79 0.05 0.199 0.004 0.199 0.002
283.03 995493 1.04 0.08 0.199 0.004 0.198 0.002
352.89 1730.21 28.81 0.18 0.201 0.004 0.185 0.002
352,92 6208.67 27.56 0.17 0.201 0.004 0.185 0.002
35292 9938.67 28.55 0.18 0.201 0.004 0.184 0.002
39299 199752 98.21 0.56 0.211 0.006 0.163 0.003
392.99 5984.24 99.74 0.59 0.211 0.006 0.163 0.003
392.99 9942.04 86.88 0.49 0.211 0.006 0.169 0.003
28293 199295 5.26 0.04 0.513 0.006 0.509 0.003
28292 5953.76  6.23 0.08 0.513 0.006 0.508 0.003
28292 9976.92  6.58 0.09 0.513 0.006 0.507 0.003
35291 1974.80 95.28 0.53 0.497 0.004 0.443 0.002
352.81 6321.59 96.73 0.60 0.497 0.004 0.443 0.002
35291 997531 101.28 0.59 0.497 0.004 0.439 0.002
392.99 1996.14 276.71 1.15 0.497 0.004 0.358 0.002
392.99 5958.62 258.02 1.42 0.497 0.004 0.370 0.002
392.99 997270 262.00 1.44 0.497 0.004 0.367 0.002

*Standard uncertainties not included above are u(7) = 0.02 K, u(P) = 0.6 kPa.
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The vapor fractions of hydrogen sulfide and methane measured by GC analysis with the
corresponding uncertainties due to repeatability as well as due to GC calibration are provided

in Table 4.3.

Table 4.3 Vapor phase analysis for the system CHs-H.S-MDEA-MEG-H,O with a 30 wt.% MDEA —
40 wt% MEG — 30 wt% H>O mixture as a function of total pressure and temperature. y is given in a dry
basis. dy corresponds to the standard deviation due to repeatability measurements. A(n)/n corresponds
to uncertainties due to GC calibration.

T Prot CH, HaS 5 CHy, HS CH, HS
K kPa y y A(n)/n  A(n)/n u(y) u(y)
283.05 1972.55 0.99966  0.00034 2.2E-05 7.4E-03 1.5E-02 2.3E-05 1.2E-05 8
283.05 6197.73 0.99987  0.00013 2.9E-05 7.4E-03 1.5E-02 2.9E-05 1.5E-05 9
283.03 9954.93 0.99990  0.00010 2.7E-05 7.4E-03 1.5E-02 2.7E-05 1.4E-05 8

NS

352.89 1730.21 0.98307 0.01693 1.9E-04 7.4E-03 1.5E-02 2.5E-04 1.9E-04 8
35292 6208.67 0.99554  0.00446 3.9E-05 7.4E-03 1.5E-02 5.8E-05 4.7E-05 11
352.92 9938.67 0.99712  0.00288 2.7E-05 7.4E-03 1.5E-02 3.9E-05 3.1E-05 11

392.99 1997.52 0.94778  0.05222 3.9E-04 7.4E-03 1.5E-02 6.1E-04 5.2E-04 10
392.99 5984.24 0.98300 0.01700 1.3E-04 7.4E-03 1.5E-02 2.1E-04 1.7E-04 11
392.99 9942.04 0.99116  0.00884 3.8E-05 7.4E-03 1.5E-02 9.3E-05 8.7E-05 11

282.93 199295 0.99736  0.00264 4.9E-05 7.4E-03 1.5E-02 5.5E-05 3.5E-05 11
28292 5953.76 0.99895  0.00105 4.2E-05 7.4E-03 1.5E-02 4.3E-05 2.3E-05 13
282.92 9976.92 0.99935  0.00066 3.0E-05 7.4E-03 1.5E-02 4.3E-05 1.6E-05 11

35291 1974.80 0.95101  0.04899 2.7E-04 7.4E-03 1.5E-02 5.2E-04 4.7E-04 12
352.81 6321.59 0.98463  0.01537 1.5E-04 7.4E-03 1.5E-02 2.1E-04 1.6E-04 11
35291 997531 0.98982  0.01018 6.5E-05 7.4E-03 1.5E-02 1.2E-04 1.0E-04 13

392.99 1996.14 0.8530 0.1470  2.6E-04 7.4E-03 1.2E-02 1.1E-03 1.1E-03 10
392,99 5958.62 0.95586  0.04414 2.0E-04 7.4E-03 1.5E-02 4.6E-04 4.2E-04 10
392.99 997270 0.97343  0.02657 6.8E-05 7.4E-03 1.5E-02 2.6E-04 2.5E-04 13

Standard uncertainties not included above are u(7) = 0.02 K, u(P) = 0.6 kPa.
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According to the equations for the calculation of the uncertainty in the vapor fraction u(y)
(section 1.1, Equations (5) and (6) in Supporting Information), it depends on the repeatability
of the measurement and the actual uncertainty due to the measurement and the GC calibration.
It is concluded that the combined uncertainty uc(y) depends equally to the GC measurement and

the measurement’s repeatability, since they are in most cases of the same order.

Figure 4.1 shows the H2S partial pressure against the liquid loading in the three studied
temperatures and total pressure of 10000 kPa. It can be observed that an increase in the partial
pressure of hydrogen sulfide leads to higher liquid loadings at isothermal conditions, as it is
expected. Lower temperatures also benefit the absorption of H2S into MDEA-MEG-H20 and
yield higher liquid loadings.
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Figure 4.1 Equilibrium H,S partial pressures as a function of liquid loading and temperature for the
system 30 wt% MDEA — 40 wt% MEG — 30 wt% HO at total pressure of 10000 kPa; (®) 283 K,
(A)353K,(m)393 K.

The effect of total pressure on the HaS loading of the liquid phase is discussed by aid of Figure
4.2 and Figure 4.3, where the liquid loading is plotted against total pressure for two different
global loadings, i.e. 0.2 and 0.5 mol H2S/mol MDEA. The results show that an increase in total
pressure from 2000 kPa up to 10000 kPa does not seem to have a significant effect on the
loading of the solvent. Error bars are included for both loading and total pressure, however, the
latter are too small to be visible in the scale 0 — 10000 kPa. The deviations seen at increasing
pressure are within or slightly higher than the experimental uncertainty in the liquid loading,

except for the measurements at 393 K. It is noted that in these measurements, it was not possible
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to quantify the amount of water by GC analysis and it was calculated based on the vapor

pressure of the solvent assuming that it is independent of the total pressure of the system.
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Figure 4.2 Effect of total pressure on H,S liquid loading for the system 30 wt% MDEA — 40 wt%
MEG - 30 wt% H,O for approximately 0.2 mol H.S/mol MDEA global loading; (e) 283 K, (A) 353
K, (m) 393 K. Error bars are included for x and y axis.
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Figure 4.3 Effect of total pressure on H,S liquid loading for the system 30 wt% MDEA — 40 wt%
MEG - 30 wt% H,O for approximately 0.5 mol H,S/mol MDEA global loading; () 283 K, (A) 353
K, (=) 393 K. Error bars are included for x and y axis.
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On the contrary to the effect of total pressure on the loading, the impact of increased total
pressure on the partial pressure of hydrogen sulfide is larger than the experimental uncertainties.
The fugacities were calculated at each loading and pressure and they were plotted against the
liquid loadings in Figure 4.4 in order to gain more understanding of the results. The calculations
were performed using TREND software (Span et al., 2015), by assuming that the water vapor

fraction is equal to the ratio of the vapor pressure of the solvent to the total pressure.
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Figure 4.4 Equilibrium H»S fugacity as a function of H,S liquid loading for the system 30 wt% MDEA
— 40 wt% MEG — 30 wt% H>O; (®) 283 K, (A) 353 K, (=) 393 K.

It is observed that fugacity increases with liquid loading. At each loading, fugacity also
increases with increasing total pressure at 283 K and 353 K. This is not the case at 393 K, where
there is no clear behavior of increasing or decreasing fugacities. It is interesting that TREND
predicted a liquid phase at 393 K and 10000 kPa for both low and high global loadings. Phase
changes cannot be confirmed by the experiment since the cell was submerged in the liquid bath

without possibility for visual inspection. Moreover, as mentioned earlier, there is additional
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uncertainty of these data due to the fact that the water present in the liquid phase could not be

quantified by GC analysis.

4.2.3.2 Comparison with literature

Already in Chapter 2, where a literature review on amine-glycol systems was presented, it
became evident that few studies have been carried out about MDEA-MEG solvents. To be
specific, in the literature there are nine studies in total including VLE, kinetics, degradation and
corrosion, three of them reporting VLE data with HaS. As part of his thesis, Jelstad measured
HaS solubility in MDEA-MEG systems with focus on the effect of water (Jelstad, 1997).
Poblete, also in his thesis, investigated the co-absorption of CO2/HzS in the same systems as
Jelstad (Poblete, 1997). Last but not least, Xu and co-workers report VLE data for H2S, CO2
and CO2/H2S mixtures in aqueous and non-aqueous MDEA-MEG (Xu et al., 2002). Since
Poblete’s data are obtained in the presence of carbon dioxide, only the two literature sources of

Jelstad and Xu et al. were used for the comparison with the data acquired in this study.

An evaluation of each of the two individual data sets reported was performed separately prior
to the comparison with each other and with our data, when possible. The density model
developed in this work for aqueous and non-aqueous MDEA-MEG systems was used for the
conversions concerning the solvent composition and the concentration of H2S in the liquid

phase. By evaluating each of the individual sets separately, three main observations were made:
(a) for a given partial pressure, an increase in temperature leads to lower liquid loadings,

(b) for a given partial pressure and water content, an increase in amine concentration leads to

lower liquid loadings (higher absorption capacity in mol H2S/L solution) and

(c) for a given partial pressure, adding water to non-aqueous MDEA-MEG up to 10 wt% seems

to enhance the absorption capacity of the system, though not substantially.

Observation (a) is expected due to exothermic nature of the H2S absorption reaction with amine
systems. Observations (b) can be explained by the fact that more amine is available to react
with hydrogen sulfide, though it is important to keep in mind that the data for 70 wt% aqueous
MDEA indicated an upper limit in amine concentration which can enhance the absorption

capacity of the solvent. Thus, it is emphasized that the observations (a), (b) and (c) refer to the

128



temperature, amine and water concentration ranges of the literature data. Observation (c) is

further discussed in the following part of this section.

Effect of amine content on absorption capacity

The data from Jelstad (1997) and Xu et al. (2002) can be compared in terms of amine
concentration effect at constant water content and 298 K (Figure 4.5). A disagreement between
these two literature sources is observed. At 298 K, the data for 30 wt% MDEA — 65 wt% MEG
— 5 wt% H20 by Xu et al. fall between the data obtained from Jelstad for 11 wt% MDEA and
22 wt% MDEA and constant 6 wt% H20. This deviation is more pronounced in terms of H2S

molar concentration in the liquid phase in Figure 4.6.
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Figure 4.5 Equilibrium H,S partial pressure as a function of liquid loading and amine concentration
for the system H,S-MDEA-MEG-H;O at 298 K and constant water content; (¢) 11 wt% MDEA
(Jelstad, 1997), (m) 22 wt% MDEA (Jelstad, 1997), (+) 30 wt% MDEA (Xu et al., 2002) and (A ) 44
wt% MDEA (Jelstad, 1997). Water content is 6 wt% for the data with 11 wt% and 22 wt% MDEA,
while water content is 5 wt% for the data with 30 wt% and 44 wt% MDEA.

Figure 4.6 presents Py, against xy,s in logarithmic scale on the left side and linear scale on the
right side. On the right side, plotting up to 2 kPa allows to see more clearly some curvature on
the data which is also suggested by the linear fitting with R?> = 0.94. The non-linear relation

between Py, s and x5 testifies that the absorption is enhanced by chemical reaction.

129



100.00 2.0

+
10.00 + 15 |
+
g + g )
R?=0.9404
=100 | o + =10 N
a a P H A
o éﬂr‘ o Lo
0.10 05 | .
+
o
".A
0.01 1 1 1 1 O.D & 1 1 1
0.00 001 002 003 004 0.05 0.000 0005 0.010 0015 0.020

Xna2s Xn2s

Figure 4.6 Equilibrium H,S partial pressure as a function of H,S liquid phase molar concentration and
amine concentration for the system H,S-MDEA-MEG-H,O at 298 K and constant water content; (®)
11 wt% MDEA (Jelstad, 1997), (m) 22 wt% MDEA (Jelstad, 1997), (+) 30 wt% MDEA (Xu et al.,
2002) and (A) 44 wt% MDEA (Jelstad, 1997). Water content is 6 wt% for the data with 11 wt% and
22 wt% MDEA, while water content is 5 wt% for the data with 30 wt% and 44wt% MDEA. Left:
logarithmic scale, right: linear scale and low Pps range.

It is important to note that both works also measured the solubility of hydrogen sulfide in
aqueous MDEA to allow for a comparison with the literature. Xu et al. showed that their data
are in good agreement with reported data (Jou et al., 1993; MacGregor and Mather, 1991), while
the data from Jelstad were found higher than literature data, and specifically, for a given liquid
concentration, their data overestimated the partial pressure. The literature source they used for
comparison was not given, thus, the data were also compared to the predicted values by the
VLE model developed in this work and presented in section 4.1. Indeed, the H2S partial pressure
was higher in Jelstad’s measurements. This means that correction of the data would bring them
closer and possibly in agreement to the data from Xu et al. Another important factor worth
noting is that the data from Xu et al. were unfortunately not tabulated in the original publication,
and therefore, were retrieved from graphs, adding to the uncertainty of the shown data points.
Furthermore, one can notice in Figure 4.6 that the water content is either 5 or 6 wt%. Given the
uncertainties discussed in this paragraph, the 1 wt% water content difference among the

compared data adds only to a small degree to the observed deviations.

Effect of water content on absorption capacity

Reported data in the literature indicate that the presence of water enhances the absorption

capacity of aqueous MDEA-MEG solvents. Jelstad investigated the VLE behavior of H2S in
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MDEA-MEG-H:20 with water content from 0 to 5 wt% and showed that the water effect is
small (Jelstad, 1997). The data obtained at 403 K, however, showed the opposite trend. Xu et
al. increased even more the water content in their systems up to 10 wt% H20 (Xu et al., 2002).
As seen in Figure 4.7, increasing the water content to 5 wt% seems to increase the absorption

of hydrogen sulfide in the amine-glycol mixture though the effect is not as clear as it is in the

presence of 10 wt% H20.
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Figure 4.7 Equilibrium H»S partial pressure as a function of liquid phase concentration and water
concentration for the system H,S-MDEA-MEG-H-O at 298 K and 30 wt% MDEA content; (¢) 0 wt%
H>0, (¢) 5 wt% H,0, (=) 10 wt% H>O (Xu et al., 2002). Trendlines are included.

Our measurements showed that the HaS loading of 30 wt% MDEA — 40 wt% MEG — 30 wt%
H20 does not depend on the total pressure up to 10000 kPa, though the partial pressure of H2S
changes as the total pressure increases. Therefore, a comparison of our data, which were
obtained at our lowest measured total pressure, i.e. 2000 kPa, with the literature values obtained
at low total pressure by Xu et al. (Xu et al., 2002), is attempted in Figure 4.8. The measurements
of'this study are conducted at different temperatures than the measurements of Xu et al. For this
reason, the comparison is performed between the data in this work acquired at 353 K and the
data from Xu et al. acquired at 363 K for the 30 wt% MDEA — 65 wt% MEG — 5 wt% H20
system (Xu et al., 2002). Figure 4.8 illustrates these data points together with VLE predictions
for 30 wt% aqueous MDEA at 353 K. The predicted values were estimated by employment of
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the VLE model developed in this work since, to the author’s best knowledge, there are no

reported data for this system at these temperatures.
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Figure 4.8 Equilibrium H»S partial pressure as a function of liquid phase concentration and water
concentration for the system H,S-MDEA-MEG-H,0 at constant 30 wt% MDEA content; (¢) 5 wt%
H,0 and 363 K (Xu et al., 2002), (A) 30 wt% H»O at 353 K and total pressure 2000 kPa (This work),
(—) 70 wt% H,O at 353 K, predicted values (This work).

It is observed that in a 30 wt% MDEA-MEG-H2O system, increasing the water content from 5
to 30 wt% H20 leads to a pronounced improvement of the H2S absorption capacity of the
solvent. It is also seen that the absorption capacity of aqueous MDEA is higher than aqueous
amine-glycol systems, for the same amine content. In Chapter 2 and section 2.3 Chemistry, it
was mentioned that hydrogen sulfide reacts instantaneously with MDEA through a proton-
transfer reaction. Therefore, the differences noticed as the water concentration increases and
the glycol concentration decreases should be related to their role in the reaction mechanism and

the dissolution of H2S in the solvent.

Xu et al. (Xu et al., 2002) state that the observed lower H2S solubility in MDEA-MEG solutions
than that in aqueous MDEA solutions is due to the gas’ lower solubility in monoethylene glycol
than the one in water. However, literature data of HzS solubility in H20 and in MEG reveal the
opposite. At 298 K, Henry’s constant of H2S in H20, Hy, 5, y, 0, i 59.4 MPa based on data from
Rinker and Sandall (Rinker and Sandall, 2000) and 54.8 MPa based on the correlation proposed
by Edwards et al. (Edwards et al., 1978). At the same temperature, Henry’s constant of HaS in
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MEG, Hy,s uEc, was calculated equal to 5.5 MPa from the data of Jou et al. (Jou et al., 1990)
and equal to 7.5 MPa from the data of Afzal et al. (Afzal et al., 2012). The Henry’s constant of
HaS in MEG was considered equal to the slope of the linear regression between Py, s and xp,
and the deviations observed come from the different pressure ranges of the data in the two
sources. Given that Hy, g, i,0 > 50 MPa and Hy, s yg < 10 MPa, HaS dissolves in a significantly
higher extent in MEG than H2O, therefore the trend in the VLE data is not due to lower
solubility in MEG.

The fact that the solubility of hydrogen sulfide is higher in MEG than in water, and yet the
solubility in the mixed solvent decreases with increasing glycol concentration, can be explained
by possible structural effects and/or a more complex reaction mechanism aside from the proton
transfer between H2S and MDEA. The presence of water could enhance the H2S absorption
through amine protonation (MDEAH") which subsequently would react with the dissolved
ionic species of H2S, HS™, causing more hydrogen sulfide to dissolve. In this system, both water
and hydrogen sulfide self-ionize and produce protons (H"). According to the literature, protons
can also be formed as the result of the autoprotolysis of MEG in the presence of MDEA (Eimer,
2014), which could also protonate the amine. However, even though MEG can autoprotolyze
and provide H* to form MDEAH", its molar amount is still lesser than H20 in a 30 wt% MDEA
— 40 wt% MEG — 30 wt% H20, in addition to the fact that the tendency for self-ionization is
lower in MEG than water. The degree of self-ionization of solvents is informed by the
autoprotolysis (dissociation) constant pKap, and the pKap of water and MEG is approximately
14 and 16, respectively (at 298 K). In other words, the proton contribution in the solvent from

the autoprotolysis of glycol is lower than from the dissociation of water.

The autoprotolysis constant of triethylene glycol (TEG) is 18.5; it is higher than the one of
MEG. This implies, under the assumption that the glycol undergoes autoprotolysis and
participates in the reaction mechanism as a proton donor, that H2S absorption in non-aqueous
MDEA-TEG would be lower than in non-aqueous MDEA-MEG, under same amine content.
Indeed, Figure 4.9 shows the superior H2S absorption capacity in MDEA-MEG compared to
MDEA-TEG system. Similar to the comparison between MDEA-MEG and MDEA-H20, the
trend depicted in the figure cannot be explained by the difference in solubility. Hydrogen sulfide
solubility is higher in TEG than MEG and, specifically, at 298 K, Hy, s rg¢ is equal to 2.1 (Jou

etal., 1987) while Hy, s mg¢ lies between 5 and 7 MPa, as shown earlier.
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Figure 4.9 Equilibrium H,S partial pressure as a function of liquid phase concentration in non-aqueous
MDEA-glycol solvent at 298 K and 11 wt% MDEA content; (¢) MDEA-TEG (Eimer, 1994), (m)
MDEA-MEG (Jelstad, 1997).

4.2.3.3 Comparison with 70 wt% aqueous MDEA

The Ha2S absorption capacity in 30 wt% MDEA — 40 wt% MEG — 30 wt% H20 was compared
to the one in 70 wt% aqueous MDEA, in terms of kg H2S/L solution, in order to give a more
perceptible feeling of the amounts of chemicals. The comparison is performed in the basis that
MDEA is a polar molecule with some affinity for water. Therefore, it is interesting to see if the
substitution of the glycol with amine would be beneficial for the H2S absorption, assuming they
would both achieve the required degree of dehydration in the system. Certainly, the dehydration

capacity of the solvent still needs to be investigated.

The absorption capacity of each solvent was calculated for the experimental temperatures and
pressures, and the results for total pressures of 10000 kPa are presented in Table 4.4. Neither
the H2S concentrations in the liquid phase nor the pressures are exactly the same for the two
solvents, nevertheless, it can be noticed that the solvent capacities are similar. At 283 K, at
pressures 4.68 and 6.59 kPa, the capacities are 0.044 and 0.047 kg H2S/L solution for the amine-
glycol and the amine blend, respectively. At 353 K and 393 K, the MDEA-MEG-H20 system

seems to require lower Hz2S partial pressure to remove similar amounts of hydrogen sulfide.
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Table 4.4 Absorption capacity of 30 wt% MDEA — 40 wt% MEG — 30 wt% H>O and 70 wt% MDEA —
30 wt% H,O mixtures at total pressures of 10000 kPa.

30 wt% MDEA — 40 wt% MEG — 30 wt% H.O 70 wt% MDEA — 30 wt% H,O

T Py,s cx10? Py,s cx10?
K kPa kg HaS/L sol. kPa kg HaS/L sol.

283 1.04 18.5 4.68 441

6.59 473 21.56 102.1

353 28.55 16.3 111.42 41.2

101.28 38.9 300.30 79.5

393 86.88 14.6 364.18 32.0

262.00 317 809.32 58.6

4.2.3.4 Cyclic capacity

Besides the useful information that the absorption capacity of a solvent might provide, it is
common to compare the difference between the loading of the lean solvent and the rich solvent
when evaluating new solvents. This difference is called cyclic capacity (Eq. 1). Its knowledge
can be particularly useful since after regeneration the solvent cannot be stripped entirely from
the acid gas captured and this reduced capacity of the solvent should be accounted for in the

process.
Aeyclic = arich(Tabs: PHZS,abs) - alean(Tdes'Pst,des) Eq‘ 1

In the equation, Py, g qps is the equilibrium pressure of HaS in the bottom of the absorber, and

Py, s,des in the bottom of the desorber.

The cyclic capacity determines the amount of acid gas that can be absorbed for a given flow
rate. Therefore, it is desired to employ solvents with high cyclic capacity in order to reduce the
circulation flow rate and subsequent sensible heat loss in the stripper. Table 4.5 presents the

cyclic capacity results for aqueous MDEA solutions with and without MEG.

135



Table 4.5 Cyclic capacity of 30 wt% MDEA — 70 wt% H>O and 30 wt% MDEA — 40 wt% MEG - 30
wt% H>O mixtures calculated at absorption temperature of 283 K and desorption temperature of 393 K.
Liquid loading values in mol H,S/mol MDEA are in parentheses.

System P, s,abs Py,s.des Acyclic
wt% kPa kPa mol H,S/mol MDEA
30% MDEA — 70% H,O 6.6 (0.503")  86.9 (0.246") 0.257
30% MDEA — 40% MEG — 30% H,O 6.6 (0.507)  86.9 (0.169) 0.338

* Predicted values

The pressures used in the cyclic capacity calculations of Table 4.5 are constrained by the
experimental partial pressures of HzS; this is the reason why Py, ¢ in the absorber is 6.6 kPa and
Py, s in the desorber is 86.9 kPa. For the given conditions, the amine-glycol blend studied in
this work has higher cyclic capacity (0.338 mol H2S/mol MDEA) than 30 wt% aqueous MDEA
(0.257 mol H2S/mol MDEA). Although these results are optimistic, it is important to take into
account a few elements. First, there are no experimental data at 283 K for any aqueous MDEA
concentration; therefore, the VLE model, which was used for the calculation of absorption
capacity for the aqueous MDEA, is not validated for this temperature. In addition, the
calculation of the cyclic capacity is highly sensitive to the pressure and temperature selected
(Bernhardsen and Knuutila, 2017). Thus, the assessment of the absorption capacity of each
solvent should be performed with a case by case evaluation, and data at specific absorption and
desorption conditions should be obtained. In fact, for the comparison to be fair between
different solvents, it is the pressures and temperatures of the optimized process that should be

used for the calculation of the cyclic capacity.

Last but not least, it should be noted that increased cyclic capacity does not automatically make
a solvent better, since the pumping costs are a small part of the overall costs of acid gas removal
and the column sizes are more dependent on the gas flow rates than the solvent flow rates

(Raynal et al., 2011).
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4.2.4 Conclusions

Experimental vapor-liquid equilibrium data were measured for hydrogen sulfide in a 30 wt%
MDEA — 40 wt% MEG — 30 wt% H20 blend at temperature of 283 K, 353 K and 393 K and
pressures up to 10000 kPa. High pressures were obtained by using methane as makeup gas. The
data show that increasing the partial pressure of hydrogen sulfide or reducing the temperature
yields higher liquid loadings, as it is expected. Similar to the observations made for our
measurements with 70 wt% aqueous MDEA, an increase in total pressure from 2000 kPa up to
10000 kPa for the MDEA-MEG-H20 system is accompanied by an increase in the partial
pressure of hydrogen sulfide, while it seems not to have significant effect on the absorption

capacity of the solvent.

It was also shown that 30 wt% aqueous MDEA has a higher absorption capacity (in mol H2S/L
solution) than the studied amine-glycol system. The higher the water content is, the higher the
absorption capacity of the solvent becomes, though water content as low as 5 wt% demonstrates
minimal improvement. This is true besides the fact that the solubility of hydrogen sulfide is
higher in MEG than in water. A reaction mechanism theory was proposed for explaining the
increasing solubility of hydrogen sulfide with decreasing glycol content. Moreover, increasing
the amine concentration for a given partial pressure and water content, also leads to higher
absorption capacity in terms of mol H2S absorbed per liter solution. In addition, the performance
of 30 wt% MDEA — 40 wt% MEG — 30 wt% H20 system was also studied against 70 wt%
aqueous MDEA in order to evaluate the substitution of the glycol with amine and it was found
that the absorption capacity of the comparing solvents was similar. In the end, the effect of
glycol on the cyclic capacity of 30 wt% aqueous MDEA was investigated. It was found that, at
the experimental pressure and temperature conditions, the amine-glycol-water system has a

higher cyclic capacity than its aqueous counterpart.
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4.3 Experimental challenges and learnings with high-pressure

VLE work

Experimental problems and time limitations did not unfortunately allow for the study of other
more concentrated aqueous MDEA blends or various amine-glycol-water compositions which
were initially planned and which would provide further knowledge for the thermodynamic
behavior of these systems. Generally, the high-pressure VLE experiments required significantly
more time to be conducted than low-pressure ones; typical number of experimental points per

day is one for high-pressure and more than four for low-pressure VLE measurements.

Besides the time-consuming nature of this kind of experiments, several challenges manifested
during the preparation of the experiments, the performance of the measurements and the
treatment of the data. The most often problem was, by far, leakages in the equilibrium cell and

the surrounding valves.
Leakage

The equilibrium cell consists of a sapphire tube and two flanges on each side of the tube
employing O-ring seals. When leakages were detected from the O-rings, they had to be
replaced. Their replacement required dismounting the cell and disconnected all the valves as
well as the samplers connected to the flanges, which is a very labor-intensive procedure, prone
to more leakages. Further, the apparatus is equipped with different types of valves; simple ball
(ON/OFF) valves, regulating valves and non-rotating valves. The latter is the most complicated
of the three (Figure 4.10). Leakages were observed, both out of the valve housing and through
the valve, and many valves were replaced. However, leakage problems with the non-rotating
valves often persisted. When removing and replacing the valves, grooves would often be seen
in the tip of the valve needle while the PTFE seal was damaged and needed replacement.
Grooves in the needle of the valve implies that the needle was rotating and this is believed to
be due to inefficient mounting of the valves in the first place. It was seen that much fewer
leakage problems manifested when the mounting was performed by trained personnel which

was familiar with this type of valves.

Furthermore, the testing procedure for checking if pressure could be maintained was very time-
consuming; the O-rings needed first to be conditioned in the temperatures to be used while the

allowed rates for increasing/decreasing the pressure and temperature in the cell are 20 bar/hr
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and 20 °C/hr, respectively, according to the manufacturer. Overall, maintaining vacuum or
pressures up to 20 bar was possible and the leakage problems appeared at higher pressures.
Experiments were conducted only after the pressure could remain stable in the cell for at least
three days. Good practices include having spare valves and sealing parts, while an important
learning was that combustible gas detectors used in leakage tests are much more efficient than

helium detectors, flow rate detectors or soap.

Anti-friction ring

PTFE leak-proof
seal Fixing screw (M14)

on the body of the cell
Pressure seal

Valve regulating
screw (M8)

Valve needle

Counter-nut
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Figure 4.10 Parts consisting a non-rotating needle valve.

HSE

Before any experiments could be conducted, various safety measures were implemented with
regards to work with high pressures and, mainly, work with hydrogen sulfide. H2S detectors
were installed in the fume cabinet where the apparatus is located and personal portable alarms
were purchased to be used by the operator and other people while inside the room of H»S-
related work. H2S masks were also purchased to be used when the gas bottle was open (during
filling of the gas tank) or emergency situations. In addition, limited access was implemented,
signs were put on all entrances to the lab during the experimental work with the toxic gas and
all operations were performed at normal working hours. The HSE measures taken were in

accordance to Statoil’s HSE measures in their H2S laboratory.

GC analysis

A common problem in GC analysis for amine systems is the amine accumulation in the column
resulting in a tail on the chromatogram, decay of the column and eventually failure to perform

reproducible chromatograms. This is a very costly problem due to the cost of GC columns, the
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high frequency at which the column must be changed and the need to repeat the calibration for
all analyzed components. These problems are more pronounced when working with viscous
amines, such as MDEA. This issue can be overcome with the installation of a valve on the GC
which can block the sample before the retention time of the amine and direct the rest of the
sample to vent instead of the detectors. Although it solves the problem of replacing often GC
columns, it is at the expense of not measuring the content of the amine. In this case, such as in
the measurements reported in this thesis, it is assumed that the ratio between the water and the

amine (and the glycol) remains constant during the experiment.

In order to extend the life of the column, by adding a valve in the GC which redirect the amine
and the glycol to waste, a new issue rises. During the first samplings of the measurement, a new
peak is identified, as can be seen in Figure 4.11 when comparing the signals with the baseline

signal (blue).
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Figure 4.11 Overlapping FID chromatograms showing a peak corresponding to glycol or amine
residues during liquid phase analysis with a zoom-in to the peak at 12 min.
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Based on the retention time, this peak corresponds to the amine. During the baking of the
column, the valve is in open position (helium flows in the main analysis column) while small
amounts of amine and glycol probably remain on the side of the valve towards the vent for the
amine/glycol. Taking a closer look on the chromatogram and this peak (Figure 4.12), one can
notice that as more samples are analyzed in the full temperature program, the peak diminishes.
The theory of residues in the valve and not in the column is supported by the fact that during
the 1% sample, there is no peak, because the valve is not closing in the time between the baking
of the column and the first sample withdrawal. Checking that no residues are left in the column

during every analysis is good practice for ensuring high lifetime of the column.
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Figure 4.12 Overlapping FID chromatograms zooming at a peak corresponding to glycol or amine

residues during liquid phase analysis.
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At some instances, an additional peak was observed during the analysis of the vapor phase after
ca. 5 min also in the FID detector (Figure 4.13). After checking and testing for contamination,
it was concluded that this was not a signal corresponding to an unknown compound, ex. some
degradation compound, but it was perturbation of the flame on the FID detector due to water.
In the figure, the purple line corresponds to the FID signal and the blue line corresponds to the
TCD signal. It is observed that the signal on the FID resembles a normal peak response and that

it appears at the same time as water signal appears on the TCD.
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Figure 4.13 FID perturbation signal (signal 1) at 5 min, resembling a compound’s peak response.

Moreover, during the course of time, retention time drifts were noticed. Operation can continue
even when signal drifting appears as long as the calibration holds, there is no signal overlap and

the time of the analysis is not significantly extended. In any other case, a new column is needed.

An important problem encountered during the high-pressure VLE experiments was the clogging

of the sampling capillary for the liquid phase. This was due to contamination inside the cell,
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due to high viscosity in our systems with sample being gradually accumulated, or both. Before
the sampling system failed, small black particles had been observed inside the cell which could
not be removed during the cleaning procedure. These particles are believed to originate from
the stirrer due to the high corrosivity in the presence of hydrogen sulfide and water. In addition,
the studied systems are characterized by high viscosity. For example, the viscosity of 70 wt%
aqueous MDEA at 313 K is 15.2 mPa-s (Bernal-Garcia et al., 2004). It is, thus, possible that the
combination of high viscosity and some contamination led to the clogging of the extremely thin
capillaries. This problem could be solved by applying high pressure and increasing the opening
(sampling) time leading to the forced removal of the blocking substance. Attention must be paid
that sampling under these conditions will not lead to large amounts of sample entering the
column. If this does not work, the ROLSI samplers must be disassembled to replace the

capillaries.

Equipment failures

Other issues which happened during this work and contributed to additional labor and delays
concern equipment failures. Two times it was found that the heating in the transfer line from
the ROLSI samplers to the GC had unexpectedly stopped working. Since the exact time of the
failure was not known, the last measurements had to be repeated. Moreover, the vacuum pump
got out of order due to an unknown liquid in its interior during the first experiments and after a
few months of experimental work, the TCD detector broke down. Finally, electricity stoppages
caused issues with data acquisition, software operation and required time for checking the

calibration of the GC as well as the pressure transducer, located in heated casings.
Data treatment

In the previous discussion, many challenges associated to the GC analysis concern the
measurement of the liquid phase, despite the fact that the experimental results include data
obtained by the GC analysis of the vapor phase and calculated liquid phase loading based on
mass balance. The main challenge in the analysis was to understand why the measurement does
not match the results calculated by the mass balance. Different equations of state were used to
calculate the amount of HzS, without important deviations, that could explain the mismatch
observed. For this reason, we decided to report only the calculated liquid phase results, omitting
the measured ones. This is unfortunate since most of the time used in this work was dedicated

to the liquid phase analysis. It is believed that the deviations observed are related to the
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sampling procedure and it is investigated by the manufacturers of the apparatus in France,

where also these experiments were carried out.
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Chapter 5
VLE Data for CO:-containing Systems

This chapter presents vapor-liquid equilibrium data for CO: loaded MDEA-MEG and MDEA-
MEG-H:0 systems at low pressures.

A vapor-liquid equilibrium study was conducted for CO2-MDEA-MEG and CO2-MDEA-
MEG-H20 systems, in order to gain knowledge regarding the solubility of carbon dioxide in
the aqueous and non-aqueous MDEA-MEG blends (journal publication III). Carbon dioxide
typically co-exists with hydrogen sulfide in sour streams and its content is also controlled by
transport specifications. For the process to be selective for hydrogen sulfide, the CO2 absorption
should be as low as possible. Due to numerous experimental challenges with the high-pressure
measurements, it was decided to study the CO2-MDEA-MEG and CO2-MDEA-MEG-H20
systems at low pressures; the VLE measurements were performed at temperatures from 313 K
to 393 K and pressures up to 600 kPa. The experimental apparatus is shortly described, but a

more detailed description can be found in the Appendix in the end of this thesis.

In the aqueous solvents, the results indicate that the absorption capacity decreases with
increasing glycol content/decreasing water content, at constant amine concentration. A
comparison of the studied systems with concentrated aqueous MDEA is also performed. In the
non-aqueous solvents, the solubility of carbon dioxide increases with increasing amine content
up to 30-50 wt% MDEA-MEG, upon which it is reduced. Karl-Fischer titration and Nuclear
Magnetic Resonance (NMR) analysis were employed for the chemical characterization of the
systems and a chemical reaction between carbon dioxide and MEG was observed, in the
presence of MDEA. A theory based on MEG autoprotolysis is proposed for the explanation of
the results, which is also supported by additional VLE measurements of the system CO:-
MDEA-TEG.
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ABSTRACT

The carbon dioxide solubility in non-aqueous and aqueous mixtures of methyldiethanolamine
(MDEA) with monoethylene glycol (MEG) was studied due to the relevance of these solvents
for the combined acid gas removal and hydrate control in natural gas treatment. Vapor-liquid
equilibrium (VLE) measurements were conducted at temperatures from 303 K to 393 K and
pressures up to 600 kPa. In the aqueous solvents, the effect of water content in carbon dioxide
solubility was investigated. The absorption capacity of the aqueous solvents decreased with
increasing glycol content and decreasing water content, at constant amine concentration. A
comparison of the studied systems with concentrated aqueous MDEA was also performed. The
non-aqueous solvents were studied in the whole composition range, from pure MDEA to pure
MEG. The solubility of carbon dioxide increased with increasing amine content only up to 30-
50 wt% MDEA-MEG, upon which it decreased. Water content determination and Nuclear
Magnetic Resonance (NMR) analysis were used for the chemical characterization of the
systems and explanation of the results. It was found that in the presence of MDEA, a chemical
reaction occurs between carbon dioxide and MEG. A theory based on MEG autoprotolysis is
proposed which is further supported by supplementary VLE data obtained in blends of MDEA

and triethylene glycol.



1. INTRODUCTION

1.1 Literature Review

Main downstream processes in natural gas production are the removal of acid gases, namely
carbon dioxide (COz) and hydrogen sulfide (H2S), and the removal of water in order to meet
pipeline transportation specifications, gas quality specifications and environmental
requirements. Acid gases in the presence of water are highly corrosive and can jeopardize the
safety of operations, both in terms of the personnel’s wellbeing as well as equipment failure.
The same applies in the event of hydrate formation if excess of water is present, which can lead

to pipeline clogging and, in extreme cases, production shut-down.!

In offshore gas and oil wells, non-regenerative chemicals, called scavengers, are commonly
used to control hydrogen sulfide content in natural gas. However, they are not ideal since their
use imposes space, weight and disposal requirements, which are not friendly for
offshore/subsea application?, and they cannot treat high H2S concentrations. A typical example
is triazine, which is injected directly into the gas stream and is able to treat hydrogen sulfide at
concentrations not higher than 200 ppmv>. As a result, fields are abandoned or not even
produced due to high H2S content. In addition, oil and gas fields experience reservoir souring,
i.e. increase in sulfur content, due to EOR (Enhanced Oil Recovery) activities such as water
injection®. Maintaining production and safe operation in increasingly sour fields is an important

industrial challenge.

A solution to the problematic high H2S concentrations in production wells is the development
of a regenerative process where hydrogen sulfide and water content can be removed
simultaneously. Despite the fact that the employment of a regenerative solvent requires
additional equipment for its regeneration, it could enable trouble-free operations and extend

the life of the field. Aqueous methyldiethanolamine (MDEA) and aqueous monoethylene
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glycol (MEG) are regenerative solutions traditionally used today for the selective removal of
HaS over CO:z and for hydrate control, respectively. MDEA is a tertiary amine whose aqueous
solutions have significantly higher reaction rates with HaS than with CO.. Therefore, mixtures
of MDEA-MEG as well as highly concentrated MDEA are promising candidates for the

combined removal of H2S and water vapor.

The concept of a gas treating process for combined acid gas and water vapor removal of natural
gas was conceived already in 1930s and was first patented in 1939 by Hutchinson®. Process
improvements were suggested in the following years®?® and the amine-glycol process found
wide acceptance in the gas processing industry. An aqueous mixture of monoethanolamine
(MEA) and either diethylene (DEQG) or triethylene glycol (TEG) was used for the simultaneous
absorption of acid gas and water from natural gas’. In spite of many advantages, severe
corrosion was encountered and the process was eventually abandoned. However, MEA is
known for its corrosivity issues, thus its substitution with another amine and/or the decrease in
water content can potentially eliminate this problem. The years that followed until today, many
researchers have studied blended aqueous and non-aqueous amine-glycol solvents, primarily
in the framework of water-lean solvents, which can potentially have increased absorption
capacity and reduced regeneration heating duties'®2°. The majority of the literature studies
concern MEA and diethanolamine (DEA) and few sources were found for MDEA-glycol

system!®!7:19,

Wanderley and coworkers? studied vapor-liquid equilibrium and mass transfer in MDEA —
MEG - H20 among other solvents, promising for CO2 capture in biogas upgrading. They
observed that the solubility of CO2 was decreased compared to aqueous MDEA, and they
underlined the fact that higher CO:2 partial pressure than in aqueous MDEA was also
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accompanied by faster reaction rates for the same CO> pressure. Eimer!® and Xu et al.'® focused



on the selectivity of H2S over CO2 with non-aqueous or lean-water MDEA-containing solvents.
Eimer' investigated the performance of a mixture composed of MDEA and TEG aiming for
the combined selective removal of H2S over CO2 and dehydration. It was found that the reaction
rate of HzS in the combined solvent decreases with increasing glycol content. High viscosity
promotes low absorption rate and this is one of the main reasons why, in this study, we consider
the far less viscous MEG as a more suitable glycol than TEG for this multifunctional solvent.
Moreover, following a first screening of potential diluents which showed increased H2S
selectivity in MDEA — MEG compared to aqueous MDEA, Xu et al.'® measured the solubility
of CO2 and HzS in aqueous and non-aqueous MDEA — MEG blends. They concluded that the
carbon dioxide solubility significantly decreases in MDEA — MEG than MDEA — H>O, while

the solubility of H2S is only slightly lower.

1.2 Aim of this work

Successful process development relies on accurate data and/or models to describe the physical
properties, thermodynamic behavior and system kinetics. The first step for the evaluation of a
complex multicomponent system, such as the combined hydrogen sulfide and hydrate control
process, is the study of its subsystems. The aim of this work is to describe and understand the
thermodynamic behavior of the subsystems CO2 — MDEA — MEG and CO2 - MDEA — MEG
— H20. Since carbon dioxide is generally present in natural gas with hydrogen sulfide,
investigating this system is of equal importance as the absorption of HaS in the proposed

solvent.

This work includes two main studies: a) an extensive study of the vapor-liquid equilibrium
(VLE) behavior of CO2 — MDEA — MEG systems in the whole composition range from pure

MEG to pure MDEA, and b) a study of CO2 — MDEA — MEG — H20 systems with focus on



the effect of water content in the system and a comparison with highly concentrated amine
solutions, i.e. 70 wt% and 90 wt% MDEA — H20. The measurements were performed at CO2
pressures up to 600 kPa and temperatures from 303 to 393 K. We further investigated our VLE
results through Karl-Fischer titration (for the non-aqueous systems), Nuclear Magnetic
Resonance (NMR) spectroscopy, and comparison with MDEA — TEG systems in order to
understand the underlying phenomena and identify possible chemical reactions undergone
during the absorption of CO2 into aqueous and non-aqueous MDEA-glycol blends. Density

measurements were also performed as part of the VLE data processing.

2. MATERIALS AND METHODS

2.1 Materials

Table 1 contains information for the chemicals used in this work. They were used as received
from the supplier without further purification. Deionized water was used for preparation of the
aqueous mixtures. The solutions were prepared gravimetrically in a METTLER PM1200 scale
with an accuracy of 1-10°° kg, they were sealed and let under magnetic stirring for at least 8
hours to ensure homogeneous solutions. Amine analysis by means of acid-base titration was

performed in order to verify the MDEA concentration in the studied systems.

Table 1: Chemical Sample Table

Mass fraction

Component UIPAC name CAS Supplier  purity as stated
by supplier
N- -2 Sigma-
methyldiethanolamine hydroxyethyl(methyl) 105-59-9 Al%irich >0.99
(MDEA) amino] ethanol)
monoethylene glycol . Sigma-
(MEG) ethane-1,2-diol 107-21-1 Aldrich 0.998



2-[2-(2-

triethylene glycol hydroxyethoxy) 112:27-6 ~ Sigma- >0.985
(TEG) Aldrich
ethoxy]ethanol
carbon dioxide carbon dioxide 124-38-9 AGA 0.99999
water oxidane - - -

2.2 Experimental methods

2.2.1 Vapor-Liquid Equilibrium measurements

Two similar setups were used to conduct the vapor-liquid equilibrium (VLE) measurements,
named VLE-1 and VLE-2. The main components of the setups are a glass reactor and a storage
cylinder for COz of ca. 1:10° m® volume each, whose pressure and temperature are monitored.
Measurements can be conducted at temperature range of 303 — 393 K (accuracy +0.1 K) and
pressures 0 — 600 kPa (accuracy +0.9 kPa). The setups’ description and instrumentation are
provided in detail by Hartono et al.>! Experiments were performed in two different ways, either

at multiple temperatures with one CO2 loading or at one temperature and multiple loadings.

Each experiment started by evacuating the reactor. The solvent was introduced and the reactor
was set again to vacuum to eliminate possible air introduced with the solvent. The exact amount
of solvent introduced was known by weighing the solvent holder, before and after charging the
reactor. For measurements performed at multiple temperatures with one CO: loading, the
temperature was set to automatically increase from 303 to 393 K with a step of 10 K. At 393
K, CO2 was injected to the maximum pressure of the reactor and the temperature was decreased
in reversed steps until 303 K. For the measurements performed under isothermal conditions
and multiple loadings, once equilibrium was reached at the desired temperature, CO2 was
added. After each system equilibration, more CO2 was added manually until the pressure inside

the reactor was close to 600 kPa. Equilibrium in every temperature level, both for the vapor



pressure of the solution and the COz-solvent equilibrium, required approximately 4-8 hours.
The system was under constant stirring (ca. 500 rpm) and equilibrium was assumed when the

temperature and pressure of the reactor were constant for 5 min.

The pressure and temperature were recorded every 5 seconds during the experiment, which
lasted 3-4 days. The calculations are based on mass balances; the solvent is added from a beaker
whose weight before and after the reactor filling is measured. The temperature, volume and
pressure of the CO: storage vessel are known, and thus the amount of gas before and after the
CO:z loading of the solvent can be calculated. The amount of carbon dioxide in the vessel was
calculated using Peng-Robinson equation of state??. The equilibrium pressure was calculated
according to Eq. 1:

Pco, = Prot = Pres Eq. 1
where Py, : partial pressure of COz, Py,,: total pressure inside the reactor and B.: residual
pressure inside the reactor before CO2 addition. Amine analysis was performed in the end of
every experiment to verify that the amine concentration remained the same (within 2% error).
CO: analysis was also performed in most of the experiments to confirm our mass balance-
based calculations. The average absolute relative deviation (calculated according to Eq. 2) is
4% for all the experiments, excluding those in pure H2O, MEG and TEG where the very low
values of carbon dioxide absorbed leads to large relative deviations. However, the results from
those experiments are compared to and found in agreement with values reported in the literature
in section 3.

exp
i

100 VP
AARD [%] = W

X

exp
X

xicalc _

Eq. 2

i=1

where x stands for any property whose relative deviations were calculated in this work, and NP

stands for number of points.



For the non-aqueous systems, the Henry’s constant was calculated according to Eq. 3. c¢o,
denotes the concentration of CO2 in the solvent and the Henry’s constant H is expressed in
kPa-m?-kmol™". For the aqueous systems, the loading , expressed in mol CO2/mol MDEA, was
calculated and reported.

_ Pco,

H = Eq. 3
Cco, d

The experimental apparatuses and procedure were validated by measuring the solubility of
carbon dioxide in pure water and comparing our results to the correlation provided by Carroll

etal.??

, as formulated by Penttili et al.>* (Figure 1). The experiments were repeated two times
and conducted both before and during the experimental campaigns to ensure good quality data.
The validation measurements are presented in Table A. 1. The AARD between measured and
literature values was always lower than 3% for both VLE-1 and VLE-2, and the repeatability

was found to be within 3% as well.
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Figure 1: Henry’s constant for CO2 in water as a function of temperature. (+) Measurements

in VLE-1, (x) Measurements in VLE-2, (—) Correlation by Penttild et al.?*



2.2.2 Density measurements

An Anton Paar Density Meter DMA 4500M was used to measure the density of the solutions
used in this work, when not reported in the literature. The knowledge of the density as a
function of temperature was necessary in order to calculate the volume of the solution inside
the reactor, assuming that pressure effect is negligible. Calibration and validation of the

1.26

apparatus was performed according to Hartono et al.® and Skylogianni et al.*® An average

absolute relative deviation of 0.01% was found for two repeated measurements.

2.2.3 Karl-Fischer titration

The presence of water in the MDEA-glycol systems was studied through Karl-Fischer titration
measurements using a METHROM 831 KF coulometer. Coulometric Karl-Fischer titration is
an established method for water content determination as low as a few ppm. The AARD in this

work is 11%.

2.2.4 NMR experiments

NMR is a powerful non-invasive analytical technique for chemical analyses. Interpretation of
the NMR spectra leads to the identification of the chemical structures of the molecules,
including unknown products and/or side-products, and in proper performed NMR experiments

the species can also be quantified”’.

In this study, qualitative 'H, '3C and 2D NMR experiments were performed on selected liquid
samples after CO2 absorption to identify reaction products formed upon the addition of carbon

dioxide. In particular, *C NMR spectra show the signals belonging to all the CO2-derivatives
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formed upon the addition of COz, like e.g. amine carbonate, alkyl carbonate, bicarbonate and

carbonate which all contain carbon (-C) nuclei in their structure?®®.

Each sample was inserted in an NMR tube, together with a coaxial insert containing deuterated
benzene (CsDs) for locking and referencing. The NMR experiments were performed at 300 K
on a Bruker 600 MHz Avance III HD equipped with a 5-mm cryogenic CP-TCI z-gradient
probe. The qualitative '*C NMR spectra shown in this work were all obtained with a standard
decoupling acquisition sequence with 30-degree pulse angle and Nuclear Overhauser Effect

(NOE) growth (zgpg30), using a recycle delay time of 2 seconds and 1024 scans.

2.3 Modeling methods

Vapor-liquid equilibrium of CO2 with aqueous MDEA and aqueous MDEA-MEG was
modeled employing the so-called “soft model”, proposed by Brader et al.?® It is a purely

empirical correlation which is described by Eq. 4- Eq. 7.

B
(1 + ky exp(—k3)) Eq. 4

In (Pgp,) =Alna +ky +

where A, B are parameters and k;, k, and k5 are temperature-dependent coefficients:

1
ki =kyq In (?) +kyp Eq. 5
= k2q Eq. 6
ko = exp ( T + kap) q.
k
k3 = % + k3,b Eq 7

Pco, is expressed in kPa, o in mol CO2/mol MDEA and T in K in the fitted model.
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The model can predict the COz partial pressures based only on temperature and loading and it
has been employed in the past to successfully describe amine-containing reactive systems®*>!.
The VLE data were fitted to the correlation by minimizing the sum of the relative least square
error and for each system, a different set of parameters is proposed. The binary systems, for

which one or two points are obtained per temperature, were not possible to be described with

the model due to the limited number of data.

3. RESULTS AND DISCUSSION

3.1 Analysis of the water content

As we investigate several non-aqueous blends, it was decided to use Karl-Fischer titration for
the quantification of the water present. Analysis was performed both before and after the VLE
experiments for selected non-aqueous systems studied in this work. For all the systems titrated,
low water amount was found before the experiment equal or lower than 0.1 wt% H20. The
detailed water concentrations and corresponding uncertainties are given in Supporting
Information (Section C). It is important to note here that water was also detected in pure MEG
samples even though we purchased anhydrous ethylene glycol. This signifies that some
humidity was absorbed through the solution’s contact with the atmosphere during solution

preparation and experiment preparation.

Higher water contents were detected after the experiment was concluded. The increased water
content after the experiment indicates that humidity must have been remained in the reactors
or in the condenser on the top of the reactor even after their thorough cleaning and drying. The
water content observed was typically below 0.2 wt% while the maximum water content was
observed for pure MDEA (0.5 wt%) in the end of the experiment. The impact of the detected

water is discussed on the following sections.
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3.2 MDEA — MEG mixtures

Carbon dioxide absorption in pure MEG, pure MDEA and their blends was investigated and
the data obtained are presented in the Appendix (Table A. 2). The measurements are reported
with their respective uncertainties, calculated using the Law of propagation of uncertainty,
according to the uncertainty analysis provided in Supporting Information (Section E). As
explained in the experimental procedure, the solubility of a fixed CO2 amount was measured
at temperatures from 303 to 393 K. The densities of the MDEA — MEG blends, required for
the data processing, were calculated using the model proposed by Skylogianni et al.?® Density
measurements of indicative systems, which were conducted to verify the model results,

demonstrated maximum ARD of 1% (Section B of Supporting Information).

Several authors have reported P-7-x data for the binary system CO2 — MEG. Figure 2 and
Figure 3 show the mole fraction of CO: in the liquid phase against pressure at 323 K and 373
K, respectively. Literature data are also available at the studied temperatures 303 K, 333 K and
343 K and a graphical comparison can be found at Supporting Information (Figure S. 1 to
Figure S. 3). It is observed that the data obtained in this work are in line with those reported in
the literature. The Henry’s constant values are plotted as a function of temperature in Figure 4

for all studied blends, from pure MEG to pure MDEA.
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Figure 2. Carbon dioxide solubility in MEG expressed in mole fraction (xco.) as a function of

pressure at 323 K. (m) Zheng et al. (1999)*2, (A) Galvao and Franscesconi (2010)%, (e) Jou et

al. (1990)**, (#) Wise and Chapoy (2017)*, (x) This work.
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Figure 3. Carbon dioxide solubility in MEG expressed in mole fraction (xco) as a function of
pressure at 373 K. (m) Zheng et al. (1999)*2, (A) Galvao and Franscesconi (2010)%, (e) Jou et

al. (1990)*, (x) This work (A), (+) This work (B).
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Figure 4. Henry’s constant as a function of temperature for pure MEG, pure MDEA and their
blends as measured in this work. (¢) Pure MEG, (A) 5 wt% MDEA — 95 wt% MEG, (+) 10

wt% MDEA — 90 wt% MEG, (¢) 30 wt% MDEA — 70 wt% MEG, (—) 50 wt% MDEA — 50
wt% MEG, (x) 70 wt% MDEA — 30 wt% MEG, (*) 90 wt% MDEA — 10 wt% MEG, (m) Pure

MDEA.

As illustrated in Figure 4, Henry’s constant increases with temperature, thus the solubility of
CO:z into the solvent decreases, for both unitary and binary solvents studied in this work. This
is explained by the higher kinetic energy with temperature resulting to the escape of gas
molecules from the liquid and in the gas phase. Moreover, it is shown that the Henry’s constant
of COz in MEG is higher than the Henry’s constant of CO2 in MDEA. The uncertainties
calculated have an average deviation from their corresponding properties of 7%. It was found
that Henry’s constant has higher sensitivity to the amount of CO2 absorbed in the solvent, due
to the propagation of errors in its calculation (Eq. S.24 in Supporting Information). Therefore,

the experiments with low CO2 uptake are expected to have the highest uncertainty in Henry’s
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constant. These experiments include mainly those experiments performed with a single

loading.

An unexpected behavior was observed for the mixtures of the glycol with the amine: the
solubility of carbon dioxide in mixtures of MDEA — MEG is higher than it is in its individual
components. The measurements for selected blends of MDEA — MEG were repeated in order
to confirm the observed trends. To be specific, the CO2 solubility measurements were
conducted twice in the blends of 5 wt% MDEA — 95 wt% MEG, 10 wt% MDEA — 90 wt%
MEG, 30wt% MDEA — 70 wt% MEG and 50 wt% MDEA — 50 wt% MEG as well as in pure
MEG. Good repeatability was found with AARD equal to 4%. The repeated measurements are

given in the Appendix (Table A. 4).

In addition, we can observe that as amine is added in MEG, initially the solubility of carbon
dioxide is increasing. Between 30 and 50 wt% MDEA content, a transition occurs, after which
addition of amine leads to lower COz solubility. As a result, the Henry’s constant of COz is
similar in a rich-amine system and a lean-amine system, for example in 70 wt% MDEA — 30
wt% MEG system and 10 wt% MDEA — 90 wt% MEG system. This behavior indicates the
presence of chemical effects for CO2 — MDEA — MEG systems. Therefore, the solubility of

CO2 in MDEA — MEG may not be only physical as initially assumed.

No chemical reactions are indeed expected between CO:2 and neither pure MEG nor pure
MDEA. MDEA is a tertiary amine which cannot react with carbon dioxide in the absence of
water’*®. In order to gain an understanding of the phenomena observed, we conducted
isothermal VLE experiments at 313 K and 343 K for the systems CO2 — MEG and CO2 —
MDEA. CO:z solubility in 50 wt% MDEA — 50 wt% MEG was also measured at constant

temperature in order to provide more insights. The results of this study are reported in Table
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A. 3. The data obtained at 313 K are plotted in Figure 5 while a similar plot of the data at 343

K can be found in Supporting Information (Figure S. 4).
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Figure 5: Partial pressure of CO2 as a function of COz2 solubility in pure MEG, pure MDEA
and their 50 — 50 wt% blend at 313 K. Filled symbols denote isothermal experiment (Table A.
3) and hollow symbols denote previous experiment (Table A. 2); (m) MEG, (A) MDEA, (¢)
50 wt% MDEA — 50 wt% MEG. Dotted lines are linear trendlines; the linearity between P and

x for pure MEG and pure MDEA is assessed through the coefficient of determination, R2.

A linear relation between the partial pressure of a gas and its solubility in a solvent denotes that
only physical absorption occurs, according to the simplified form of Henry’s Law for ideal
systems. In that case, the Hgassolvent, i.€. the slope, is constant and a strong function of
temperature. The linearity is assessed using the coefficient of determination, R2. It is clear that
the P-x relation is linear for pure MEG with R? equal to almost unity, i.e. 0.9995 and 0.9998
for 313 K and 373 K, respectively. This indicates that there are no chemicals effects. For pure
MDEA, a linear relation can be also seen at the studied conditions with a coefficient of

determination 0.9904 and 0.9982 for 313 K and 373 K, respectively. One could, however, argue
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that some chemical effects might be present since the coefficient of determination for MDEA
data is lower and also some curvature can be observed with a naked eye, particularly at 313 K
(Figure 5). A non-linear relationship between the partial pressure of carbon dioxide and its

solubility in a 50 wt% MDEA — 50 wt% MEG blend is also pronounced in the same figure.

Chemical absorption of carbon dioxide into pure MDEA or blends of MDEA-MEG could take
place if water is present in the system. Some amounts of water were detected by Karl-Fischer
titration in our samples, as presented in section 3.1. Although the presence of small amount of
water can explain the noticed chemical effects in pure MDEA, it does not explain the interesting
behavior of increased COz solubility up to 30 — 50 wt% MDEA-MEG and decreased solubility
as the amine content further rises. For this reason, we also conducted NMR experiments to
identify the species present in our loaded systems and further understand the system chemistry.

The NMR results follow the VLE results for the aqueous systems.

3.3 MDEA - MEG - H;0 mixtures

Solubility measurements of carbon dioxide into aqueous solutions of MDEA — MEG were
performed with MDEA concentration in the solution kept constant at 30 wt% while the water
content varied from 10 wt% to 50 wt% (Table A. 6). Similar to the MDEA — MEG study, the
densities, which are necessary for the data treatment, were found in the literature?®. Comparison
between experimental and literature values at selected temperatures revealed 0.3% maximum

absolute relative deviation (Section B of Supporting Information).

The partial pressure of COz as a function of CO:z loading at 313 and 343 K is shown in Figure
6 for the 30 wt% MDEA — 60 wt% MEG — 10 wt% H:0 studied mixture. The increase in

loading as temperature decreases, at constant pressure, is justified by the exothermic nature of
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the reaction of CO2 with aqueous MDEA. One can also observe the good repeatability between
two experiments, one with multiple pressurizations under isothermal conditions and one with
single CO2 pressurization and temperature variation, which was performed for repeatability
checks and to provide data points in several temperatures (Table A. 5). These remarks are also
valid for the additional aqueous mixtures studied in this work, as shown in Supporting

Information (Figure S. 5 and Figure S. 6).

P/ kPa

0.0 0.2 0.4 0.6 0.8 1.0

-1
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Figure 6: Partial pressure of COz as a function of CO: loading in a solution of 30 wt% MDEA
— 60 wt% MEG — 10 wt% H:20. Filled symbols denote isothermal experiment (Table A. 6) and
hollow symbols denote repeated experiment with a single loading (Table A. 5). (A) 313.2 K,

(m) 3432 K.

The effect of water content is illustrated in Figure 7 and Figure 8 for 313 K and 343 K,
respectively. At 313 K, our measurements are compared with the data points reported by Shen
and Li*7 and Xu et al.'® for a 30 wt% MDEA — H>O system, for non-aqueous and aqueous
MDEA — MEG blends. Although the data produced in this work for the ternary systems cover
partial pressures up to 500 kPa, the y axis of Figure 7 extends up to 140 kPa, in order for the

data points at low partial pressures and loadings to be shown distinctly. The same figure
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covering pressures in the whole range of this study can be found in Supporting Information
(Figure S. 7). We notice that the COz2 solubility in aqueous blends of MDEA — MEG is lower
than the one in aqueous MDEA. The higher the water content, the higher loading at constant
pressure, as shown for both 313 K and 343 K. For example, at pressure ca. 50 kPa and 313 K,
the loading is approximately 0.20, 0.41 and 0.55 at water compositions 10 wt%, 30 wt% and

50 wt% respectively and constant amine content (30 wt%).
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Figure 7: Partial pressure of CO: as a function of CO2 loading in MDEA (1) - MEG (2) — H20
(3) blends at 313 K. 30 wt% MDEA — 70 wt% MEG: (¢) This work and (0) data from Xu et
al.'®, 30 wt% MDEA — 65 wt% MEG — 5 wt% H20: (x) Xu et al.'%, 30 wt% MDEA — 60 wt%
MEG — 10 wt% H20: (#) This work and () Xu et al.'®, 30 wt% MDEA — 40 wt% MEG — 30
wt% H20: (A) This work, 30 wt% MDEA — 20 wt% MEG — 50 wt% H20: (m) This work, 30
wt% MDEA — 70 wt% H20: (+) Xu et al.'® and (-) Shen and Li*’. The lines represent model

estimations.
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Figure 8: Partial pressure of CO: as a function of CO2 loading in MDEA (1) — MEG (2) — H20
(3) blends at 343 K as measured in this work. (¢) 30 wt% MDEA — 70 wt% MEG, (¢) 30 wt%
MDEA — 60 wt% MEG — 10 wt% H20, (A) 30 wt% MDEA — 40 wt% MEG — 30 wt% H2O,

(m) 30 wt% MDEA — 20 wt% MEG — 50 wt% H20. The lines represent model estimations.

The presence of glycol and its substitution with water therefore leads to lower solution
loadings. On the one hand, the physical solubility of CO:z into pure MEG is higher than the one
in water. For example, at 323 K, Hcopwater = 5000 kPa-m?-kmol™! while Hco,mec = 3800
kPa-m*-kmol! approximately. On the other hand, the carbon dioxide uptake from MDEA due
to the reaction in the presence of water is much larger than the one due to dissolution in the
solvent. We can confidently say that this behavior of decreasing solution loading with
increasing glycol content is true as the water content decreases down to 10 wt%. Interestingly,
the data point obtained for the 30 wt% MDEA — 70 wt% MEG system at 313 K in the first
experimental campaign coincides with the measurements performed in the presence of 10 wt%

water (30 wt% MDEA — 60 wt% MEG — 10 wt% H20). At 343 K and Figure 8 though,
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employment of 30 wt% MDEA — 70 wt% MEG solution yields indeed lower amine loadings.

NMR analysis was therefore decided to be performed also for the aqueous systems.

As far as the comparison with literature data on MDEA — MEG —H:20 and 30 wt% MDEA —
70 wt% is concerned, some disagreements can be observed. For the non-aqueous system, a
significant deviation can be seen between the measured solubility and the literature one. Xu et
al.' state that they performed Karl-Fischer titration but they do not inform the amount of
detected water in their systems. Lower water content in Xu et al.’s samples than in ours, could
explain the observed deviations. Moreover, at amine loadings lower than 0.15 mol CO2/mol
MDEA, our data for a 30 wt% MDEA — 60 wt% MEG — 10 wt% H20 system fall together with
literature data for a 30 wt% MDEA — 65 wt% MEG — 5 wt% H20 system. Our measurements
were performed twice demonstrating a maximum ARD of 6 % at 303 K and the uncertainties

of the data obtained in this study are low and cannot explain the deviations from the literature.

The solid lines in Figure 6, Figure 7 and Figure 8 are model estimations using the so-called
“soft model”, as described in section 2.3. In the afore-mentioned figures, it can be seen that the
model yields accurate predictions of the VLE data. The AARD is 9% for the systems 30 wt%
MDEA - 60 wt% MEG — 10 wt% H20 and 30 wt% MDEA — 20 wt% MEG — 50 wt% H.O
while for the 30 wt% MDEA — 40 wt% MEG — 30 wt% H20, whose number of data points is
higher than the other two systems, the AARD is 4%. The AARDs for the 70 wt% aqueous
MDEA and for the 90 wt% aqueous MDEA investigated in the next section, are 3% and 5%,

respectively. The model parameters are presented in Appendix B.
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3.4 Comparison with highly concentrated MDEA solutions

After investigating the effect of water and after observing the effect of MEG concentration in
CO2 loading of the non-aqueous solvent, as described in section 3.2, we decided to investigate
the outcome of substituting glycol with amine. In this framework, CO2 solubility measurements
were conducted in 70 wt% MDEA — 30 wt% H20 and in 90 wt% MDEA — 10 wt% H2O.
Similar to the experiments with aqueous MDEA — MEG, the experiments were performed at
313 K and 343 K. The obtained data are reported in Appendix A (Table A. 7). At constant
pressure, higher CO2 loadings are achieved with 70 wt% aqueous MDEA than with 90 wt%
aqueous MDEA. Thus, increasing amine concentrations in the solvent leads to lower absorption

capacities and the CO: capture by the aqueous MDEA seems to be limited by water availability.

A comparison was performed between the amine and amine/glycol systems with constant water
content, i.e. 10 wt% and 30 wt% water. Figure 9 shows the results of the comparison between
30 wt% MDEA — 60 wt% MEG — 10 wt% H20 and 90 wt% MDEA — 10 wt% H20 in terms of
CO: absorbed per kg of solution in order to give a more perceptible sense of the capacity of the
solvent. One can observe that at constant pressure, the glycol-containing system demonstrates
similar or better performance than the MDEA-H20O system in terms of CO2 removed per kg of
solution. Although CO:z solubility in MDEA is higher than in MEG, some additional reactivity
is observed in the aqueous MDEA — MEG system, at same water content, in line with previous
observations. At 313 K, this behavior is shown for pressures lower than 200 kPa. For the
systems with 30 wt% water however, aqueous MDEA outperforms the glycol-containing
system (Figure S. 8 in Supporting Information). It is worth mentioning that non-aqueous
systems, i.e. 90 wt% MDEA — 10 wt% MEG and 70 wt% MDEA — 30 wt% MEG, yield lower

CO2 concentrations than their aqueous counterparts.
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Figure 9: Partial pressure of COz2 as a function of CO2 liquid phase concentration in 30 wt%
MDEA - 60 t% MEG — 10 wt% H20 and 90 wt% MDEA — 10 wt% H20. (A) denotes data
obtained at 313 K with MDEA — MEG — H20 system, (+) 313 K with MDEA — H2O system;

(®) 343 K with MDEA — MEG — H20 system and (x) 343 K with MDEA — H20 system.

35 Chemical characterization by NMR spectroscopy

Small amounts of water were detected in our non-aqueous systems signifying a possible
reaction with carbon dioxide, due to the amine protonation by the water which is present. The
reactions taking place in CO2 — MDEA — H2O systems are listed below. Reactions R. 1 to R. 4
are usually considered in the description of chemical equilibrium, however, there are several
studies in literature showing that aqueous tertiary amines can react with COz to form alkyl
carbonate®®*. In particular, Behrens et al.*’ showed by means of NMR analysis that, in CO2 —
MDEA — H20 system, more than 10 mol% of the absorbed CO: is in the form of MDEA

carbonate (MDEACOQ") (Reactions R. 5 and R. 6).
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CO, +OH S HCO5 R. 1

HCOs + OH S COs;* + H,0 R.2
CO; + H,0 S H,CO; 5 HCO5 + HY R.3
MDEA + H,0 S MDEAH' + OH R. 4
MDEA + HCO3;™ 5 MDEACOO™ + H,0 R.5
MDEAH" + HCOs” 5 MDEAH'COO" + H,O R. 6

With the aim of identifying possible chemical products deriving from the addition of CO2 in
the VLE measurements of pure MEG, pure MDEA, non-aqueous MDEA — MEG blends (5
wt% MDEA - 95 wt% MEG and 50 wt% MDEA — 50 wt% MEQG) and aqueous MDEA - MEG
blends (30 wt% MDEA — 60 wt% MEG — 10 wt% H20 and 30 wt% MDEA — 20 wt% MEG —
50 wt% H20), 'H and '3C NMR experiments were performed, together with 2D NMR
experiments. The interpretation of the spectra and their comparison allowed the structural

characterization of the species in the solutions.

Figure 10 shows the '3C NMR spectra and the signal assignment of the species at equilibrium
in pure MEG, pure MDEA and 50 wt% MDEA — 50 wt% MEG in the presence of COz. In the
upfield region of the '*C NMR spectra, which here spans from ca. 40 to 70 ppm, the signals
belonging to carbons nuclei -CH> and CHs of MDEA, MEG and their derivatives are
resonating. In the downfield region, here spanning from ca. 155 to 170 ppm, the nuclei of the
carbonyl carbons in the alkyl carbonates (R-O-COQ") and bicarbonate / carbonate (HCOs”/
COs3*) are found. The downfield region is therefore very representative of the formation of
COz-derivatives in the samples under study. It is worth mentioning that, in the *C NMR
spectra, the carbons of HCO3™ and CO3* appear with a common signal at an averaged chemical

shift. This is due to the fact that they are two species in equilibrium, and the proton exchange
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between them (R. 2) is faster than the NMR time scale. The same is true for the amine and its

protonated form (such as shown in R. 4 and R. 6)*!.

3
CH, CH;,
g e g P % o o oooy B
2 4 8 10 4 4
Ho” 1 e TN 0w 00c0” T e e T o o 1 > e e 2 o HC o5 /€05
H; Hy 6 H, H, o Ha “0g/%
MDEA MDEACOO" MEG MEGCOO" bicarbonate/carbonate

MEG 50wt%-MDEA50wt%-CO,

2/4 1/5
3;
MDEA-CO,
1
N
| LS 9
| | 1
MEG-CO, L
T T -
185 1% ] E) & ) 3 E) & &
1 (o)

Figure 10: *C NMR spectra of CO2 loaded pure MEG, pure MDEA, and 50 wt% MDEA — 50

wt% MEG.

Looking at the species content, we observe that in CO2-MDEA system, in addition to MDEA
itself, MDEA carbonate (MDEACOQ") is formed, together with negligible traces of HCO3"
/CO3*. These reaction products may be the result of the presence of water traces which start a
series of reactions (R. 1 to R. 6). On the contrary, in CO2-MEG system, neither MEG is
chemically reacting with carbon dioxide nor HCO3/COs* is formed. Interestingly, in the
presence of MDEA, MEG is reacting to COz, giving MEG carbonate (MEGCOOQ"). This is even
formed in the presence of only 5 wt% MDEA (Figure S. 11 in the Supporting Information).

With regard to the electroneutrality, it would be expected that the protonated form of MDEA
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(MDEAH" and/or MDEAH'COO") would act as counterion of the alkyl carbonates and HCO3

/CO32.

In Figure 11, the comparison of the downfield region in the '*C NMR spectra of the MEG —

MDEA blends in water are reported (Full spectra are available in Figure S. 12 of the Supporting

Information). In the presence of water, consistent amounts of bicarbonate/carbonate are

formed, and the intensity of the peak is proportional to the amount of water in the sample. In

the alkyl carbonates region, the carbonyl carbon belonging to MEG and MDEA carbonates are

found, and the presence of additional weak signals may suggest the formation of additional

MEG-CO2 and MDEA-CO: derivatives, like e.g. MEG dicarbonate (MEG(COO")2) and/or

MDEA dicarbonate (MDEA(COO")2). However, due to weakness and/or overlapping of these

signals in the spectra, these compounds were not identified.
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Figure 11: Downfield region of the *C NMR spectra of CO2 loaded a) 30 wt% MDEA — 60

wt% MEG — 10 wt% H20 and b) 30 wt% MDEA — 20 wt% MEG — 50 wt% H2O; (bi)carbonate

stands for HCO3/CO32".



3.6  Hypothesis on reaction mechanisms of MEG with CO; in the presence of MDEA

and comparison with TEG

The NMR results can explain the behavior of CO2 — MDEA — MEG system as illustrated in
Figure 4. The solubility of carbon dioxide into MDEA — MEG is higher than in pure MEG or
pure MDEA because of the chemical reaction taking place between CO2 and MEG in the
presence of MDEA. This may be the result of autoprotolysis of MEG in the alkaline
environment created by the amine*?. The absence of MEGCOO" in MEG-CO:z system indicates
that, in the presence of MDEA, the hydroxyl group (-OH) of MEG is more prone to lose its
proton, and it is then available to chemically bind carbon dioxide. As a result, in MDEA —
MEQG blends, both MDEA carbonate and MEG carbonate are formed. The chemical absorption
of carbon dioxide into monoethylene glycol is a trade-off between the amount of amine
available to offer the basicity required for MEG to autoprotolyze and the amount of MEG

available for autoprotolysis.

The solvent composition between 30 and 50 wt% MDEA where we observed the reduced CO2
solubility upon addition of amine, is probably the limits of this trade-off. From that point
towards leaner-in-glycol systems, smaller amount of MEG autoprotolyzes and therefore the
Henry’s constant increases, for a given temperature. Moreover, the overlapping data for 30
wt% MDEA — 60 wt% MEG — 10 wt% H20 and 30 wt% MDEA — 70 wt% MEG discussed
earlier can be attributed to the CO2 — MEG reaction and MEG carbonate formation in the
MDEA — MEG system which is probably in the same extent as the combined MEG carbonate

and MDEA carbonate formation in the aqueous system.

Barzagli et al.*} have also reported the presence of the glycol carbonate in their studies of CO2
solubility into non-aqueous MDEA — MEG — propanol systems and discussed the ability of

alcohols to absorb carbon dioxide when in the presence of a base. For these phenomena to take
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place, only tertiary amines should serve as a base. If a primary or a secondary amine was used,
the glycol carbonate formation would be hindered by the stable carbamate formation. On the
contrary, tertiary amines cannot form carbamates, making them ideal for selective removal of
hydrogen sulfide over carbon dioxide, since H2S can react directly with the amine. The
increased reactivity of MDEA — MEG blends for the selective removal of H2S over COz is also

discussed by Dag Eimer*?.

The degree of autoprotolysis of a compound is informed by its dissociation constant
(autoprotolysis constant, Kap). The higher the Kap (the lower the pKap = -logio(Kap)), the higher
the tendency of releasing a proton from the -OH group. As suggested by Eimer*?, amine-MEG
mixtures should have higher reactivity than amine-TEG blends, due to the lower pKap value of
MEG. The pKqp values for MEG and TEG are approximately 16 and 18.5, respectively*?. Thus,
the degree of autoprotolysis in TEG is lower than that in MEG and, it would be expected that
the solubility of CO2 in MDEA — TEG mixtures would be lower than in MDEA — MEG

mixtures at the same concentrations.

To confirm this theory, we performed VLE experiments for the system CO2 — MDEA — TEG
too. The VLE data for the TEG-containing systems are presented in Table A. 8 in the Appendix
and the required for the data processing measured densities can be found in Table S. 1 in the
Supporting Information. Available literature data for the density of pure TEG were compared
with our measurements (Figure 12). The obtained experimental points follow the behavior of
the literature data, except for the data of Sagdeev et al.** and Tawfik and Teja*’, which are
consistently higher than the rest of the data. The uncertainties reported by the different authors
in most cases are higher than the deviations observed. These deviations can be attributed to the

different chemical purity as well as to possible unwanted humidity absorption from the air due
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to the high hygroscopicity of TEG. However, the calculated absolute relative deviations (ARD)

are low, ranging from 0.01% to 0.15%.
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Figure 12: Density of pure TEG as a function of temperature at atmospheric pressure. (x)
Pereira et al. (2019)*, (—) Crespo et al. (2017)*", (x) Sagdeev et al. (2011)*, (o) Tsai et al.
(2009)*%, (o) Sastry et al. (2008)*, (+) Valtz et al. (2004)%, (0) Steele et al. (2002)°!, (A)

Kumagai et al. (1993)2, (-) Tawfik and Teja (1989)*, (=) This work.

In this study of TEG-contaning systems, we first measured the carbon dioxide solubility in pure
TEG and compared our results with literature values>-* (Figure 13). It is observed that the

obtained data are in good agreement with the literature. Moreover, Tan et al.'®

reported Henry’s
constant of COz in pure TEG. Their data agree with the measured Henry’s constants in this

work, and any small deviations observed are well within experimental uncertainty. A graphical

comparison is provided in Supporting Information (Figure S. 10).

Moreover, we studied MDEA — TEG blends in two different compositions, 30 wt% MDEA —
70 wt% TEG and 50 wt% MDEA — 50 wt% TEG. These compositions were selected in order

to allow for a direct comparison with MDEA — MEG mixtures at same amine weight fraction.
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Figure 13: Partial pressure of CO:z as a function of COz solubility and temperature in pure
TEG. Triangles denote 323 K, squares denote 343 K and circles denote 373 K. Filled symbols
are literature values; (@), (A) from Jou et al.*® and (m) from Wise and Chapoy>*. Hollow
symbols are data obtained in this work. Tendency curves are drawn: dashed line (---) for 323

K, solid line (—) for 343 K and dotted line (---) for 373 K.

The following figure (Figure 14) depicts Henry’s constant as a function of temperature and
composition in MDEA — MEG and MDEA — TEG systems. Henry’s constant is higher in
MDEA — TEG blends than MDEA — MEG blends, while it is lower in pure TEG than in pure
MEG. These results are therefore in agreement with the theory, since the degree of
autoprotolysis of TEG is lower than that of MEG, leading to lower COz solubility. In addition
to this, the Henry’s constant values in MDEA — TEG blends lie between the Henry’s constants
in pure TEG and pure MDEA suggesting that CO2 is absorbed mainly physically in the solvent.
However, some chemical effects are also present as indicated by the results of an isothermal
experiment at 313 K for the 50 wt% MDEA — 50 wt% TEG system where a non-linear relation
between P-x is pronounced (Figure S. 9). Based on the NMR data obtained in this study, there

is no formation of TEG carbonate (TEGCOO") in CO2 — TEG system, as it was also observed
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in CO2 — MEG. In CO2— MDEA — TEG systems, MDEACOO" was found, but the presence of
TEGCOO" was not clear. Due to overlapping signals and crowded-signals spectra, some low-
intensity signals were not assigned, but it is expected that the correspondent molecules would
be in negligible amounts. Therefore, the chemical effects observed in MDEA — TEG systems
are mainly due to the reaction of CO2 with MDEA in the presence of water traces. All relevant

spectra are available in Supporting Information (Figure S. 13).
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Figure 14: Henry’s constants as a function of temperature for MDEA — MEG and MDEA —
TEG systems. Tendency curves are drawn: ( , dashed dot line) MEG-containing systems,
(-, dotted line) TEG-containing systems. (¢) Pure glycol, (@) 30 wt% MDEA — 70wt% glycol,

(A) 50 wt% MDEA — 50 wt% glycol, (m) Pure MDEA.

The findings of this work are important for the industrial application of an MDEA — MEG
mixture for the combined hydrogen sulfide removal and hydrate control. For a successful
design and trouble-free operations, the knowledge of the amount of co-absorbed carbon dioxide

into the solvent through the known aqueous amine mechanism as well as through its reaction
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with MEG is necessary. The importance of this work lies in the need to account for the CO2
absorbed in the glycol as well in the amine during solvent regeneration. As proven from the
data presented for CO2 — MDEA — TEG systems, these implications are in a significantly lesser

extent in the systems using TEG.

4. CONCLUSIONS

Aqueous and non-aqueous solvents composed by MDEA and MEG are promising for the
simultaneous H2S removal and hydrate control in natural gas. Since COz2 coexists with HaS in
natural gas streams, the solubility of carbon dioxide in non-aqueous and aqueous MDEA —

MEG systems was investigated in this work.

VLE data were obtained at temperatures from 303 K to 393 K and pressures up to 600 kPa. It
was found that the absorption capacity of the aqueous solvents decreases with increasing glycol
content and substitution of water, at constant amine concentration. Increasing amine content

up to 90 wt% in aqueous MDEA systems, also leads to lower solvent CO2 loadings.

In the non-aqueous solvents, a transition phase was observed at compositions between 30 and
50 wt% MDEA — MEG. CO:z solubility increases with amine concentration up this transition
area, after which the solubility starts decreasing. This behavior is attributed to the COz capture
through chemical reaction of CO2 with MEG in the presence of amine, as a result of MEG
autoprotolysis in the alkaline environment of the amine. This theory is supported by

supplementary VLE data obtained for MDEA — TEG systems.

NMR experiments proved the formation of glycol carbonate, both in non-aqueous and aqueous
MDEA — MEG blends. MDEA carbonate was also identified both in single and blended

MDEA, which is probably due to the small amounts of water found in our non-aqueous
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solvents. The COz2 solubility in aqueous blends of MDEA — MEG is generally higher than the
one in their non-aqueous counterparts. However, similar absorption capacities can be observed

for aqueous systems containing less than 10 wt% water and non-aqueous systems.

The CO2 uptake by the glycol demonstrated in this work is important knowledge for the
application of aqueous or non-aqueous MDEA — MEG mixtures for the combined removal of

HaS and hydrate control, and specifically for the solvent regeneration.
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A. Complementary data plots
MDEA-MEG mixtures
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Figure S. 1: Carbon dioxide solubility in MEG expressed in mole fraction (xco2) as a function
of pressure at 303.15 K. (A) Galvao and Franscesconi (2010)!, (—) Serpa et al. (2013)?, (x)
This work (A), (+) This work (B).
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Figure S. 2: Carbon dioxide solubility in MEG expressed in mole fraction (xco2) as a function
of pressure at 333.15 K. (—) Serpa et al. (2013)?, (x) This work (A), (+) This work (B).
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Figure S. 3: Carbon dioxide solubility in MEG expressed in mole fraction (xco2) as a function
of pressure at 343.15 K. (¢) Wise and Chapoy (2017)°, (x) This work (A), (+) This work
(isothermal experiment).
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Figure S. 4: Partial pressure of COz as a function of COz2 solubility expressed in mole fraction
(xco2) in pure MEG and pure MDEA at 343 K. Hollow symbols denote previous experiment
(data from Table A. 2) and filled symbols denote isothermal experiment (data from Table A.
3); (m) MEG and (A ) MDEA. Dotted lines are linear trendlines; the linearity between P and x
is assessed through the coefficient of determination, R2.



MDEA-MEG-H>0 mixtures

600

500

400

0.0 0.2 0.4 0.6 0.8 1.0
a / molegy molypea

Figure S. 5: Partial pressure of COz as a function of CO2 loading in a solution of 30 wt%
MDEA - 40 wt% MEG — 30 wt% H20. Hollow symbols denote previous experiment (data
from Table A. 5) and filled symbols denote isothermal experiment (data from Table A. 6); (A)
313.2 K, (m) 343.2 K. The lines represent model estimations.
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Figure S. 6: Partial pressure of CO:z as a function of CO2 loading in a solution of 30 wt%
MDEA - 20 wt% MEG — 50 wt% H20. Hollow symbols denote previous experiment (data
from Table A. 5) and filled symbols denote isothermal experiment (data from Table A. 6); (A)
313.2 K, (m) 343.2 K. The lines represent model estimations.
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Figure S. 7: Partial pressure of CO: as a function of CO2 loading in MDEA (1) - MEG (2) —
H20 (3) blends at 313 K. 30 wt% MDEA — 70 wt% MEG: (¢) This work and (0) data from Xu
etal4, 30 wt% MDEA — 65 wt% MEG — 5 wt% H0: (x) Xu et al.%, 30 wt% MDEA — 60 wt%
MEG — 10 wt% H20: () This work and (©) Xu et al.%, 30 wt% MDEA — 40 wt% MEG — 30
wt% H20: (A) This work, 30 wt% MDEA — 20 wt% MEG — 50 wt% H:20: (m) This work, 30
wt% MDEA — 70 wt% H20: (+) Xu et al.* and (-) Shen and Li’. The lines represent model
estimations.
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Figure S. 8: Partial pressure of COz as a function of COz liquid phase concentration in 30 wt%
MDEA - 40 wt% MEG — 30 wt% H20 and 70 wt% MDEA — 30 wt% H20. (a) denotes data
obtained at 313 K with MDEA — MEG — H20 system, (+) 313 K with MDEA — H20 system;
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MDEA-TEG mixtures
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Figure S. 9: Partial pressure of COz2 as a function of COz solubility expressed in mole fraction
(xco2) in 50 wt% MDEA — 50 wt% TEG at 313 K. Hollow symbol denotes previous experiment
and filled symbols denote isothermal experiment (Table A. 8). Dotted line is linear trendline.
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Figure S. 10: Henry’s constant as a function of temperature for pure TEG. (¢) Tan et al.%, (=)
This work. Error bars in the measured Henry’s constants are included.
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E. Uncertainty Analysis

In this section, the uncertainty calculations are presented. We report the standard uncertainties
and combined standard uncertainties when applicable (level of confidence 0.68).

Uncertainty of the solution composition in wt.%, w

The weight fraction of a binary mixture, here MDEA (1) and MEG/TEG/H20 (2), is given by:
my

= — S.1
W1 m1+m2 ( )

where m: mass. The standard uncertainty of the composition of each component is equal to
each other in binary mixtures. Using the Law of propagation of uncertainty, the uncertainty in

weight fractions is defined as:

a 2 a 2
u?(wy) = (a—::)mz u?(my) + (azz)ml u(m,)  (S.2),
leading to:
u(w) = u(wy) =u(w,) = % m?+m2  (5.3)

where u(m) is the uncertainty of the mass.

For a ternary system, the uncertainty of the weight fractions is found by:

ulw,) = % \/2 m% + (m, + m3)2 (S.4)
u(m) 2 :

u(WZ) = m \/2 m; + (m1 + m3) (S 5)
u(m) 5 5

'IJ.(W3) = m JZ m3 + (ml + mz) (5 6)

The uncertainty of the mass includes both the accuracy of the scale, Ugq.(m) = 1-1076 kg,

and the chemicals’ purity, according to:

u(m) = \/ugcale (m) + uéurity,i(m) (S- 7)

13



u purity (M) is calculated for each component, and it is equal to a /+/3 assuming uniform
distribution is followed. The numerator, a, is the maximum deviation from the measured value,

i.e. purity%-mass. The purity of water is considered 100%.

Table S. 3: Composition in Weight Fraction w and Standard Uncertainties for the binaries
{MDEA (1) + MEG (2)}, {MDEA (1) + H20 (3)} and {MDEA (1) + TEG (4)}.

wi u(wr) = u(ws) u(wr) = u(wz) u(wr) = u(wz)

MDEA-MEG MDEA-H,O MDEA-TEG

0.000 0.000 0.000 0.000
0.050 0.001 - -
0.100 0.001 . -

0.300 0.001 ) 0.003
0.500 0.002 ) 0.003
0.700 0.003 0.006 -
0.900 0.005 0.006 -
1.000 0.006 0.006 0.006

Table S. 4: Composition in Weight Fraction w and Standard Uncertainties for {MDEA (1) +
MEG (2) + Water (3)}

wi w2 w3 u(wr) u(ws) u(ws)
0.300  0.200  0.500 0.002 0.002 0.002
0.300 0.400 0.300 0.001 0.001 0.001

0.300 0.599 0.101 0.001 0.001 0.001

Uncertainty of the partial pressure of CO2, P-o

The partial pressure of carbon dioxide was calculated according to Eq. (S.8) and the derived

uncertainty is shown in Eq. (S.9).

PCOZ = Pror — Pres (5.8)

14



aPco,\ P, \

co CcO

ug(PC(Jz) =< P 2) uZ(Ptot)+<aP 2) uZ(Pred) =2'u2(P) $.9
tot res

Pres Prot

where u(P) = u(Py;) = u(Pres) is the pressure transducer’s uncertainty (0.15% Full Scale, i.e.

0.9 kPa. The resulted uncertainty is u(P) = 1.3 kPa.

Uncertainty of CO2 loading, a

By definition:
n
a=—205 (5.10)
NMDEA

W(@)? = — - ulnaps)? + aPulnypen)?)  (S.11)
NMDpEA

where 1,4, are the CO2 moles absorbed in the liquid phase and nypg,4 the amine moles of the
solution inside the reactor. It is assumed that no amine vaporization takes place which is a
valid assumption due to the low vapor pressure of the MDEA.

The uncertainty u(ngp,) as well as u(nypga) are needed.

Uncertainty of the number of moles of amine in the reactor, nypg4

The solution is prepared gravimetrically and is charged into a flask, through which it is
introduced in the reactor. By weighing the flask before (my¢ fiq5) and after introducing the
solution to the reactor (Mo resique ), the total mass introduced is known, m,,.

Taking into account the molecular weight of the amine and the amount of amine introduced
into the reactor, M, Wy pga, the number of mols of the amine in the reactor can be known,

NMDEA-

Mypeas  Mintr WMDEA (Mot flask — Meot,residue) WMDEA

NMDpEA = (5.12)

MrypEa Mrypga Mrypga

Wupga \? m; z
u(nypga)® = 2 <—> uc(Miper)? + (—mtr ) u(wWypga)? (S.13)
M7ypga MTypEa

where u (M) = 2-u(m) becausem = Mtot,flask — Meot,residue and u(mtot,flask) =

U(Meot resiaue) = U(m) as calculated earlier.

15



Uncertainty of the number of moles of CO2 absorbed. n,,.

The number of moles of CO2 introduced in the reactor by the CO2 cylinder is calculated by
N — Neq, Where ci stands for cylinder initial and ca for cylinder after. The amount of gas
absorbed by the solution, n,,, is the difference between the amount introduced in the reactor
minus the amount of CO2 that exists in the gas phase in equilibrium with the solution, 1.

Based on PVT data, the number of moles in each case was calculated, using Peng-Robinson

Equation of State. In the derivations below, the compressibility factor is not shown, because its
effect in the calculated uncertainties was evaluated and found negligible.

Naps = (nci - ncf) — Ngas (5.14)

_ pcch _ pcaVc _ pgas[{qas _ Pcch pcaVc _ pgas,tot(Vr - Vliq) + PS(V; - Vliq)

_ - — 5.15
Mabs = RT, T RT  RT,es  RTq Rl RTyqs RT,qs (S.15)
v, \? V. \? v, 2 Pei \2 Pea \2
2 c c gas 2 ci ca 2
- + 2 (=g + ( ) +( ) v
u(naps) (RTa-) (RTca> <RTgaS> u(®) [RTa- RT,, u(ve)

2 2
Pgas,tot Ps 2
4 |(Fastot) v
( RTgaS > <RTga5> u( gaS)

+

2 2 2
pcch + pcaVc + pgas,tothas
RT,* RT.? RTyqas”

2

v

+(Psloas u(T)? (5.16),
RT, 452
gas

where » denotes reactor, /ig denotes the liquid phase (solvent) and pg denotes the vapor pressure
of the solvent.

Uncertainty of the molar fraction of COz> in liquid phase, X,

By definition:
n n
xCOZ — abs — abs (S. 17)
Ntot Nso1+ Nabs
( )2 < Nopbs >2 (ne,))? + (nsol + Naps — nabsnsol)z ( )2 (5.18)
U\ Xco S\—777////———— ) uNggy ungp .
2 (ntot + nabs)z 5 (nsol + nabs)z avs

The only unknown is the u(ng,;).

For its calculation, we consider the following equations:

16



e Binary solutions, MDEA (1) and MEG/TEG/H20 (2):

_ MipgrWq + MintrW»

= S5.19
Nso1 1\47,1 1\47,2 ( )
2 wy wy 2 2 Mintr 2 2 Mintr 2 2
u(ng)? = M_r1+M_r2 u(mipy)? + Mry u(wy)? + Mr, u(w,)* (S.20)

e Ternary solutions, MDEA (1), MEG (2) and H20 (3):

MintrW1 | MinerWz2 | MingrWsa
+ +

= S5.21
Msol MT‘l MTZ MT‘3 ( )
(& LW &)2 W) 4 (M)Z W)+ (M)Z ww,)?
, _\Mr;  Mr, Mr; mntr Mry 1 Mr, 2
u(nge)? = Miner\2
mmtr
+(M—r3) u(ws)? (5.22)

Uncertainty of Henry’s constant, A

Henry’s constant in this work is expressed in kPa:‘m>-kmol™! and it is calculated as:
ry p

P Pco., V.
H= CO, — €O, Vsolv (5'23)
4 Naps

Its uncertainty can be calculated by:

2
2 Vsolv 2 2 PC02 2 2 PCOZVsolv 2
u(H)? = (——) uP)* +(—=) ulVsor)® +|——5—) ulnas) (5.24)
Nabs Nabs abs

where Vg, 1s the volume of the solvent inside the reactor.

Because Vo, = Miner/Psow »

1 2 intr ?
u(Vsolv)Z = ( ) u(mintr)z + <_ 7712_t> u(psolv)z (S.25).

solv solv

Uncertainty of density, p

The uncertainty in density was calculated according to the analysis previously reported in the
publication of Skylogianni et al. ’

17



Uncertainty in water content, cw

The standard uncertainty in the water content was calculated by taking into account both the
repeatability of the measurement, w,.,(c,,), and the uncertainty deriving from the accuracy of
the instrument, u.4;(c,,), as defined by measuring water content standards.

u(e,) = \/u%w () + 12 (cy) (S.26)

The repeatability is calculated by the standard deviation of the means. The uncertainty of the
calibration is calculated by the equation below, where wucairep (cy,) is the repeatability of the
measurement of the standards, and ucalref (c,,) is the uncertainty of the measurement, assuming
Uniform Distribution (Type B).

Ucal (Cw) = \/ugal,rep (CW) + u?al,ref(cw) (S- 27)

The main contributor to the uncertainty is the repeatability of the measurement, u,., (c,),
resulting in significant uncertainties, as can be seen in Table S. 2.
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Chapter 6

Solvent Evaluation

This chapter discusses the overall technical evaluation of MDEA-MEG-H:>O solvents for
combined H>S removal and hydrate control subsea and proposes a general guideline when

assessing new solvents.

The technical performance of the MDEA-MEG-H20 solvent for the combined H2S removal
and hydrate control subsea is assessed by evaluating the properties measured in this work and
parallel studies from the literature. In this chapter, these properties are categorized into three
general groups; removal efficiency, trouble-free operations and environmental impact. Each
category and property is discussed and a solvent characterization approach is suggested. A
major part of this chapter is included in the conference publication #4, which also covered
density, viscosity and VLE results previously presented. The full article as it is published can
be found in the Appendix.
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6.1 Solvent characterization

A simplified categorization of the properties and characteristics necessary to fully describe a
solvent has been proposed. Figure 6.1 depicts the categories, i.e. removal efficiency, trouble-
free operations and environmental impact, and the properties included in each one of them.
Many of the properties are interconnected and may influence directly or indirectly the
performance of a solvent, for example, viscosity, which falls into both removal efficiency and
trouble-free operations categories. The suggested property categorization aims at providing a
clear “work plan” for solvent characterization rather than oversimplifying the interactions of
solvent properties. A description of each property and relevant information for the MDEA-

MEG and MDEA-MEG-H:0 systems are provided in the following sections.
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Figure 6.1. Simplified categorization of solvent characterization properties
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6.1.1 Removal efficiency
6.1.1.1 Absorption capacity and cyclic capacity

The absorption capacity of a solvent provides information about how much acid gas can be
removed by a given amount of solvent, or reversely, how much solvent must be used to remove
the desired gas amount, under specific pressure and temperature conditions. It is often expressed
in terms of loading « in mol H2S/mol amine or kg H2S/kg solvent. The H2S absorption capacity
of the MDEA-MEG-H20 as well as the importance of knowing the cyclic capacity of a solvent

was already discussed in Chapter 4.

It was concluded that the addition of MEG in aqueous MDEA decreases the solvent’s
absorption capacity. This lower solvent capacity is acceptable in this process because the
solvent now serves two purposes, both desulfurization and dehydration, as long as the water
content specifications are also met. The cyclic capacity based on the experimental data seems
to be higher in 30 wt% MDEA — 40 wt% MEG — 30 wt% H20 than in 30 wt% MDEA — 70
wt% H20, assuming that absorption takes place at 283 K, desorption takes place at 393 K and
the partial pressures at the bottom of the absorber and the desorber are 6.6 and 86.9 kPa,
respectively. The HaS partial pressures are limited by the experimental data, which are not in
the typical operational conditions’ range. Therefore, more data are required in order to draw

solid conclusions about the amine-glycol-water solvent’s capacities.

Careful planning is necessary when high-pressure and HSE hazardous gases are used when
performing VLE experiments. While for low-pressure measurements with CO, it is typical to
obtain around five VLE points per day, this is not the case for high-pressure experiments with
H>S. In this work, three experimental points were obtained per week by performing GC analysis
for both vapor and liquid phase. This time-consuming and, thus, costly experimental work
becomes more challenging in the case of a chemical system acting as both HoS and water

removal agent.

Co-absorption of other gases which are also present in the sour gas stream, such as carbon
dioxide and hydrocarbons, should be also assessed during solvent characterization. The base
case for this process is a sour gas with no requirement for carbon dioxide removal; therefore,
co-absorption of carbon dioxide is minimum. For aqueous systems, a comparison between the

data obtained with HzS (total pressure 2000 kPa) and COz in a 30 wt% MDEA — 40 wt% MEG
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— 30 wt% H20 is possible only at 353 K due to the different experimental methods used. For
partial pressure of the acid gas at 26-28 kPa, the loadings are 0.185 mol H2S/mol MDEA (0.466
mol H2S/kg solution) and 0.062 mol CO2/mol MDEA (0.155 mol COz/kg solution). By using a
tertiary amine in the amine-glycol system, CO2 absorption is expected to be minimized in non-
aqueous systems. Although the measurements with CO2 show that some carbon dioxide will be
absorbed also in non-aqueous solutions, the amount is small. For example, in a 30 wt% MDEA
—70 wt% MEG, which showed the most pronounced chemical effects, and at 353 K, the loading
of the solvent is 0.052 mol CO2/mol MDEA at partial pressure of 86 kPa. It can, therefore, be
concluded that this solvent would also be applicable in cases that require removal of small CO2
amounts. The knowledge of the VLE behavior of the system in the presence of both acid gases

would be beneficial for better understanding of the system.

Hydrocarbon solubility into the solvent must be considered to ensure the minimization of
methane loss into the solvent and other possible effects that dissolved hydrocarbons can induce.
Methane solubility data in neither MDEA-MEG nor MDEA-MEG-H20 have been found.
However, low methane losses are expected in these systems since MDEA is sparingly miscible
with hydrocarbons (Jou et al., 1998; Kohl and Nielsen, 1997) while the solubility of CH4 in
MEG is low and significantly lower than TEG (Jou et al., 1994, 1987; Zheng et al., 1999),

which is commonly used in natural gas dehydration.
6.1.1.2 Heat of reaction

Gas sweetening is an energy intensive process with the regeneration energy requirements
comprising more than 80% of the total OPEX (Raynal et al., 2011). During regeneration, heat
is required in order to bring the solution to the temperature of the stripper (sensible heat),
produce stripping steam (latent heat) and release the acid gas from the solvent (heat of
absorption). The latter is the sum of the heat of reaction and the enthalpy change due to the
physical dissolution of acid gas in the solvent, and it is the main contributor in the heat
requirements. Therefore, it is an important property whose knowledge is necessary during the
solvent selection and process optimization. On the one hand, the higher the heat of reaction is,
the higher the temperature sensitivity of the solvent, and therefore the higher the cyclic capacity.
On the other hand, the lower the heat of reaction is, the lower the heat requirement is in order

to reverse the reaction release the acid gas.
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Heat of absorption data for H2S-MDEA-H:0 systems have been reported (Jou et al., 1982) with
an indicative value of approximately 40 kJ/mol H2S for loadings up to 0.5 mol H2S/mol MDEA
in a 48.9 wt% aqueous MDEA. The low heat of absorption in MDEA systems leading to low
energy requirements is one of the main advantages of the MDEA process. As far as the amine-
glycol system is concerned, Xu et al. calculated from VLE data the heat absorption in a 30 wt%
MDEA — 65 wt% MEG — 5 wt% H20 and found that it was slightly lower than the one calculated
with the same method by Jou et al. for aqueous MDEA (Jou et al., 1982; Xu et al., 2002a).

6.1.1.3 Kinetics

Kinetics are equally important as thermodynamic properties in the evaluation of a solvent’s
removal efficiency. As mentioned in the Chemistry section of Chapter 2, the choice of a tertiary
amine in the amine-glycol solvent for the selective removal of hydrogen sulfide and hydrate
control is reasoned on the high reaction rate with hydrogen sulfide and slow reaction rate with

carbon dioxide (Kohl and Nielsen, 1997).

Xu et al. investigated nine non-aqueous MDEA solutions for selective H2S removal over CO2,
among which with MEG, and showed that the selectivity is improved compared to its aqueous
counterpart (Xu et al., 2002b). Furthermore, Eimer measured the absorption rate of HaS in
MDEA in its blend with water and TEG in order to investigate whether the reaction is
instantaneous also in the presence of TEG (Eimer, 1994). He suggested that indeed the reaction
takes place in the instantaneous regime, however, there is not a clear trend between glycol

content and absorption rate.

As far as CO2 removal is concerned, Wanderley and his co-workers measured the mass transfer
rates in MDEA-MEG-H:20, among other systems, and the results indicated that they seem to
increase only minimally (Wanderley et al., 2019). Any effects due to the high viscosity of TEG,
are expected to be lower with MEG. Reaction rates and mass transfer rates also influence the
practical aspects of the solvent application, such as the length of the pipeline required for the
sufficient removal of hydrogen sulfide and water to the desired concentration and the location

of the separation system for the solvent from the natural gas stream.
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6.1.2 Trouble-free operations

6.1.2.1 Viscosity

Among the physical properties of a solvent, density, viscosity and surface tension, viscosity has
the most pronounced effects in mass transfer (Rochelle, 2016). High viscosity influences the
diffusivity of the gas into the solvent and, therefore, the mass transfer rates. In addition, high
viscosity affects the efficiency of the cross-heat exchanger, typically employed between the

absorber and the stripper, leading to higher costs related to both OPEX and CAPEX.

Trouble-free operations can be ensured by verifying that the high viscosity of the solvent to be
pumped to the pipeline and get separated from the gas can be tolerated by the processing
equipment. A viscosity study for the binary MDEA-MEG and ternary MDEA-MEG-H20
system at ambient pressure and temperatures as low as 283 K, as presented in Chapter 3, showed
that the viscosity is significantly higher compared to aqueous MDEA. At 313 K, the viscosity
of the benchmark 50 wt% aqueous MDEA is approximately 5.2 mPa-s (Al-Ghawas et al., 1989;
Li and Lie, 1994; Pinto et al., 2017), while for the blend 50 wt% MDEA — 50 wt% MEG is
more than four times higher, 21.9 mPa-s. It has also already been discussed that the viscosity
of the amine-glycol solvent is expected to decrease upon HaS loading, following the behavior

of aqueous MDEA, while it is expected to slightly increase upon pressurization at 100 bar.

High viscosity systems are often encountered in the oil and gas operations, for example in TEG
dehydration units, without posing operational risks (Holm, 1993). For subsea separation
equipment, typical viscosity requirement is to be lower than 200 mPa-s at 277 K. Assuming
that the operation will take place at 283 K, the data collected pinpoint to the aqueous and non-
aqueous MDEA-MEG blends with more than 90 wt% MDEA content that may not fulfill the
viscosity criterion. Additional viscosity measurements with HzS loaded and pressurized solvent
and mass transfer rate measurements are required to assess the role of viscosity in the removal

efficiency of the solvent and trouble-free operations.
6.1.2.2 Precipitation

The potential for precipitation during the actual temperature and pressure conditions of the
process should be assessed based on the process under focus. For example, for onshore gas
sweetening, there are some novel precipitation-based concepts for CO2 removal promising for

reducing the regeneration heat duties. For subsea applications, precipitation is an absolute
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“showstopper” due to HSE risks if processing equipment designed for gas-liquid flow gets
damaged and due to high costs during the imminent production upset and intervention. No
precipitation issues have been observed or reported in the literature in the absorption of

hydrogen sulfide/water in either MDEA or MEG, to the author’s best knowledge.
6.1.2.3 Foaming

Foaming is the formation of stable bubbles that, in the case of amine-based gas sweetening,
occur mainly in the absorber due to presence of amine degradation products, corrosion
inhibitors and other contaminants. Foaming is a serious operation problem in gas sweetening
and research is conducted to better understand the phenomenon and its sources in natural gas

sweetening with aqueous MDEA (Alhseinat et al., 2014; Pal et al., 2015).

Foaming was observed during some of the VLE experiments with CO2 and aqueous MDEA-
MEG, conducted at isothermal conditions and increasing loading. However, this should not be
an issue for our base case where the CO2 content is low and the process is operated for the
selective removal of H2S. Absorption in a co-current contactor (as in the subsea pipeline) with
HaS and non-aqueous or water-lean MDEA-MEG systems should be studied in order to draw
solid conclusions about possible foaming issues, though generally co-current contactors are not

prone to foaming (Kohl and Nielsen, 1997).
6.1.2.4 Chemical stability and degradation

The ideal solvent is chemically stable, resistant to both thermal degradation and oxidative
degradation. An easily-degraded solvent is connected to high chemical costs because fresh
solvent is required to be constantly fed as well as operational problems, such as the afore-
mentioned foaming. For subsea or offshore application, the high costs associated with the fresh

chemicals’ transportation and storage dictate the use of regenerative chemically stable systems.

Thermal degradation occurs mainly in the bottom of the desorber and in the cross-heat
exchanger and should be studied at the relevant conditions (Vega et al., 2014). For MDEA-
MEG systems, the limiting temperature in the process is the degradation temperature of MDEA,
393 K (Pandey, 2005), because it is lower than the degradation temperature of MEG, 438 K
(GPSA, 2014). Although degradation studies of aqueous or non-aqueous MDEA-MEG in the
presence of hydrogen sulfide have not been found, thermal stability and corrosion were studied

in blends of tertiary amines and glycols in the presence of carbon dioxide by Shoukat et al.
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(Shoukat et al., 2019, 2016). It was found that aqueous MDEA-MEG degrades more than
aqueous MDEA or aqueous MDEA-TEG, and that other tertiary amines, 2-(Diethylamino)-
ethanol (DEEA) and 3-(Diethylamino)-1,2-propanediol (DEA-1,2-PD), demonstrate better
chemical stability in their blends with MEG.

Oxidative degradation is not typically a problem in natural gas sweetening, where the oxygen
content is limited. At any rate, MDEA is known for its resistance to oxidation at absorber’s
conditions, however, if oxidized, MDEA forms diethanolamine, which can further react with
nitrite and produce carcinogenic substances. In general, dissolved metals from corroded
surfaces appear to act as oxidizing agents, making a solvent more prone to oxidative

degradation in the presence of corrosion (Feron, 2016).
6.1.2.5 Corrosion

Corrosion is an important aspect in solvent selection considering the inherent HSE risks and
the high cost of equipment replacement and production shutdown in the case of corrosion-
induced material failure. Corrosion is the result of the combination of acid gases with water and

the presence of aqueous amines (Kohl and Nielsen, 1997).

Namazi and Almasi studied corrosion in a gas sweetening plant in Iran using 45 wt% aqueous
MDEA and found that the amine itself was not corrosive and that corrosion was detected in the
stripper and the reboiler, but not in the absorber after 8 years of operation (Namazi and Almasi,
2016). Corrosion in the regeneration part of the process is expected due to the high temperatures
used. At 393 K, Pal and Banat showed that, in the presence of both H2S and CO, the solubility
of iron is much higher in lean aqueous MDEA than in fresh solution, with 225 ppm opposed to
5 ppm in the fresh one (Pal and Banat, 2016). In the presence of only carbon dioxide, it has
been reported that MDEA-MEG systems are more corrosive than MDEA-H20 or MDEA-TEG-
H20 and that, again, DEEA and DEA-1,2-PD are less corrosive than MDEA (Shoukat et al.,
2016). However, MDEA is already present in oil and gas operations and it is actually used to
control corrosion, serving as a pH stabilizer. In fact, in the South Pars field in the Persian Gulf,
MDEA and MEG are injected to simultaneously control the corrosion and the hydrate formation
(Davoudi et al., 2014). Research is conducted on the desired pH and the effect on the glycol
performance (Akhfash et al., 2017; Davoudi et al., 2014; Duan et al., 2013; Kvarekval and
Dugstad, 2005).
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6.1.2.6 Volatility

During solvent selection and process development, knowing the vapor pressure of a chemical
can help to identify possible volatility losses. High volatility can result in amine losses due to
vaporization of the amine in the gas phase and, subsequently, in the sweet gas exiting the
absorber. MEA is a typical example of an amine with high volatility, but for other amines
traditionally used in gas purification, including MDEA, chemical losses due to high volatility
is uncommon. In fact, concentrations up to 60 wt% aqueous MDEA can be used without
significant amine losses (Kohl and Nielsen, 1997). MEG vapor pressure is also low, though

higher than TEG (GPSA, 2014).

Vapor pressure measurements were performed for aqueous and non-aqueous MDEA-MEG in
an ebulliometer, but unfortunately the results were not reproducible and, therefore, they were
not reported. The lack of stirring in the ebulliometer seems to be the reason why equilibration

issues occurred and, in some cases, two phases seemed to be formed in the equilibrium still.

6.1.3 Environment

6.1.3.1 Biodegradation and ecotoxicity

Today, there is high focus on prevention and elimination of pollution in the environment. In
gas treatment, chemicals can reach the environment through emissions and accidental spills.
For offshore operations and subsea gas treatment, regulatory standards, such as the OSPAR
convention in the North-East Atlantic, apply with regards to industrial waste disposal and
environmental effects (OSPAR Commission, 2010). Biodegradation and ecotoxicity are two

properties which can be showstoppers for a process.

Eide-Haugmo et al. conducted a biodegradability and ecotoxicity study for various amines,
including MDEA (Eide-Haugmo et al., 2012). They found that it shows low biodegradability
(less than 20%, which is the minimum recommended) and low ecotoxicity (EC-50 indicator is
equal to 141 mg/l, while 10 is the minimum recommended). These findings are in agreement
with the information from the Safety Data Sheets provided from MDEA suppliers (SIGMA-
ALDRICH, 2016). According to MEG suppliers, monoethylene glycol is non-biodegradable
and non-ecotoxic (SIGMA-ALDRICH, 2015). Finding a solvent that fulfills all the criteria is a
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challenging task. The difficulty is demonstrated, for example, by the fact that oxidatively stable
solvents are generally not biodegradable, like MDEA.

6.1.3.2 Emissions and aerosols

In a traditional gas sweetening process, acrosol formation and emissions from the top of the
absorber are the main environmental challenges. Besides leading to severe amine carry-over
and chemical losses, amines emitted can react in the atmosphere via photo-oxidation and also
via NOx reactions to form nitrosamines and nitramines, which are carcinogenic (Vega et al.,
2014). However, the combined removal of hydrogen sulfide and hydrate control will take place
in-line, where aerosol emissions are not an issue, but solvent carry-over and its effect on the

consecutive gas processing stages should be investigated.

In a traditional dehydration process, aromatic hydrocarbons (benzene, toluene, e-benzene and
o-xylene, BTEX), which are very soluble to glycols and hazardous air pollutants, are
concentrated during the solution regeneration. In the MDEA-MEG process, the acid gas stream
from the top of the stripper will contain mainly water vapor, hydrogen sulfide, less carbon
dioxide and some aromatic hydrocarbons. Flaring is not allowed under regulations for sulfur
emissions, therefore, other removal methods, such as liquid scavengers, or further processing
in Claus units should be used to prevent the release of HaS to the environment (Watson, 2010).
In the case of Claus units, the presence of the high molecular weight BTEX can lead to rapid
catalyst deactivation and production of discolored sulfur. The solubility of BTEX in MEA-DEG
is significantly higher than in the aqueous amine (Kohl and Nielsen, 1997), though BTEX
solubility studies are not available for MDEA-MEG systems.

6.2 Solvent development approach

Although every property plays its role in the design and development of a new process, a
prioritization regarding the order in which the properties should be evaluated is necessary. It is
common practice to start solvent development work by studying the properties related to
removal efficiency. After a first screening of potential solvents, vapor-liquid equilibria, heat of
absorption and kinetic investigations are performed. The removal efficiency criterion is based

on a case-to-case evaluation, which is demanding in terms of time and resources. As long as
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the removal efficiency criteria are met, the work proceeds to corrosion and chemical stability
studies. Nonetheless, corrosive and easily-degraded chemicals can impair safe operations
through material failure and hazardous emissions, in addition to lowering the process
efficiency. It would be, therefore, a tremendous amount of time and resources wasted if to be
found that an otherwise excellent solvent heavily degrades at the operating temperatures of the
desorber. Especially because corrosion and degradation studies are often easier, faster and

cheaper to study than vapor-liquid equilibrium experiments, for example.

It is suggested that a more practical and cost-efficient approach in solvent development is to
start with a fast screening of promising solvents regarding removal efficiency, continue with
corrosion, chemical stability and ecotoxicity studies, and, as long as these criteria are met and
follow regulatory standards for air or marine pollution, proceed to the full thermodynamic,
kinetic and physical properties investigations. In the case of hydrogen sulfide removal and
hydrate control for subsea application, a significance level from 1 to 3 has been assigned to all
properties in the order of appearance in the text; level 1 denotes highest significance and level
3 denotes lowest significance. Table 6.1 lists these properties, the significance level and a short
comment/explanation about it, for the specific case of the combined H2S removal and hydrate
control for subsea application. It is underlined that the successful solvent should fulfill the
criteria for all the properties, and that this is a categorization based on the severity of the

consequences it would have in case it failed to meet the process’ requirements.

Precipitation, chemical stability, corrosion, biodegradation and ecotoxicity can be absolute
showstoppers for the subsea removal of hydrogen sulfide and water vapor, due to intervention
difficulties at long distances and deep waters as well as stringent environmental regulations. A
blend of MDEA-MEG is rather stable without precipitation or corrosivity issues, at the studied
temperatures and pressures, while other tertiary amines in their blends with MEG might possess
higher chemical stability. Moreover, MDEA and MEG exhibit low ecotoxicity but they are not
biodegradable. Despite these drawbacks, MDEA is currently used offshore as a pH stabilizer
while MEG is routinely injected subsea to control hydrate formation (Davoudi et al., 2014)

which would allow their use in a blend for additionally meeting H2S specifications.
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Table 6.1 Property significance for solvent selection intended for the combined removal of H,S and

hydrate control subsea.

Characteristic Conditions Significance
Absorption capacity Removal efficiency 2
Heat of reaction Regeneration energy requirement 3
Kinetics Contact'tlme can be adjusteq by chposmg 3
solvent injection and collection points.
Viscosity Umbilical delivery and distribution in the gas )
stream
Precipitation Flow-assurance and revenue loss 1
Foaming Removal efficiency and chemical loss 2
Chemical stability / degradation Costly storage and transportation of fresh solvent 1
offshore
Corrosion HSE, high costs due to damaged equipment 1
Volatility OPEX 3
Biodegradation/ ecotoxicity Regulations for use offshore 1
- Regulations about BTEX, SOx for the topside
Emissions 3

processed stream from the stripper

Significance level 2 has been assigned to absorption capacity, viscosity and foaming, because
these properties are essential for the successful employment of the solvent, but they will not
compromise the safety of the operations. Rather, they would increase their cost in case of a
slippage. Production streams can be mixed with other streams without hydrogen sulfide, for
example, to meet transport specifications and sale requirements. In this work, it was found that
the absorption capacity of the solvent decreases with MEG compared to the aqueous amine,
while the effect of high pressure up to 100 bar seem to be the result of the non-ideality of the
pressurized system leaving the loading of the solvent unaffected. The inferior performance of
the amine-glycol blend is acceptable, as long as the solvent can also meet the water content
specifications of the gas. More information is required in order to decide the solvent
composition. Increasing the amine content in an aqueous or non-aqueous MDEA-MEG blend

will significantly increase the viscosity of the system and affect the pumpability of the solvent.

Viscosity also affects indirectly the mass transfer properties and kinetics, which are given
significance level 3. They define the length of the contactor, thus also, the injection and
separation points. Since the pipeline serves as the contactor, there is great flexibility in this

aspect. Furthermore, the knowledge of the heat of reaction is important together with the
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regeneration scheme that would be appropriate for non-aqueous and water-lean solvents.
Overall, the blend has low heat of reaction and it is believed that some water should be present
to provide some steam in the reboiler. Volatility and emissions are assigned to the same
significance level for two reasons. Because these are issues commonly addressed in the
industry, and because MDEA-MEG solvents are not particularly volatile and chemical losses

are not expected with the proposed configuration.

6.3 Conclusions

The properties required for solvent characterization are categorized to those related to removal
efficiency, trouble-free operations and environmental impact, and the central role of the second
category in solvent development was highlighted. The properties were discussed for aqueous
and non-aqueous MDEA-MEG blends in the framework of simultaneous removal of hydrogen
sulfide and hydrate control of natural gas subsea, assessing the solvent for its technical
performance. More data, especially for the solvent’s water vapor removal efficiency, process
simulation and economic analysis are necessary for a complete overall evaluation of these

systems.
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Chapter 7

Conclusions and Recommendations for
Future Work

7.1 Conclusions

The objective of this thesis was to determine the necessary thermodynamics and physical
properties to characterize aqueous and non-aqueous blends of methyldiethanolamine (MDEA)
and monoethylene glycol (MEG), due to their relevance for the combined hydrogen sulfide

(H2S) removal and hydrate control process for natural gas subsea.

First, a literature review was conducted in order to collect information regarding the technology
status in gas sweetening and hydrate control and to identify scientific and industrial challenges
for this combined process. It was found that current available technologies, such as inline
separation, can support a process for the combined Hz2S removal and hydrate control subsea.
However, limited work has been performed for the solvent characterization of the promising
MDEA-MEG and MDEA-MEG-H20 systems, especially in the presence of H2S. In this

direction, density, viscosity and vapor-liquid equilibrium (VLE) studies followed.

The density and viscosity of the aqueous and non-aqueous MDEA-MEG blends were
investigated at temperatures from 283 to 353 K and ambient pressure at various compositions.
The results showed that the density of the binary mixtures of MDEA—-MEG decreases with
temperature and with MDEA concentration, while the viscosity increases. The same behavior
applies to the ternary systems as well, provided that the amount of water in the blend is constant.
The calculated excess molar volumes were negative and the viscosity deviations were positive,
indicating strong non-ideality of the mixtures at the studied conditions, due to the presence of
attractive intermolecular forces and structural effects in the mixtures. Both density and viscosity
data were modeled using NRTL-based models, while a comparison was performed with the

Aspen liquid mixture viscosity model. The models demonstrated an average absolute relative
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deviation (AARD) lower than 0.4% for density and 3% for viscosity for both models. Despite
the high viscosity of MDEA-MEG blends, industrial feedback and literature data ascertained

that it does not pose any practical difficulties in their application subsea.

Two high-pressure VLE studies with hydrogen sulfide covered the largest part of this work; the
first for the system H2S-CH4-MDEA-H20 and the second for the combined solvent in the
system H2S-CH4s-MDEA-MEG-H20. Methane was used as a make-up gas since it is the main
constituent of natural gas. The experiments were conducted in a high-pressure static analytic
setup and the focus of the studies was the investigation of the total pressure effect on the
absorption capacity of the solvent. The first study included VLE experiments with 50 wt%
aqueous MDEA at temperature of 323 K and pressure up 3000 kPa and with 70 wt% aqueous
MDEA at temperature of 283 K, 353 K and 393 K and pressures up to 10000 kPa, relevant to
the operational conditions. The obtained data show that increasing H2S partial pressure and
decreasing temperature leads to higher solvent loadings, at constant total pressure. The effect
of total pressure on the liquid loading of the solvent is within or slightly higher than the
experimental uncertainties, while it was shown that the small increase of the H2S partial
pressure at increasing total pressure is attributed to the non-idealities of the vapor phase. This
trend was not confirmed by the measurements at 393 K. However, these measurements suffered
from the lack of quantifying water content in the vapor phase, which was calculated by the

vapor pressure of the solvent assuming that it is independent of the total pressure of the system.

The system H2S-MDEA-H20 was modeled employing Peng-Robinson EoS to describe the
vapor phase and eNRTL activity coefficient model for the liquid phase. Due to the wide
pressure and loading range and a noticeable scatter at low loadings of the existing data, it was
decided to consider loadings above 0.05 mol H2S/mol MDEA. The AARD for the H2S partial
pressure and for the total system pressure was found to be 18% and 16%, respectively. The
effect of including in the regression the data in the presence of methane at maximum total
pressure of 2000 kPa, was studied and found minimal, even when including the data obtained
with 70 wt% aqueous MDEA. However, for higher total pressure and different conditions than
the studied ones, the use of models taking into account the methane presence was suggested. In
this work, ebulliometric measurements of pure MDEA were included and new parameters for
Antoine correlation were proposed. The model was fitted to the new measurements and all

available literature data, covering a wide temperature range. The AARD was found 4%.
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The second high-pressure VLE study was performed with a 30 wt% MDEA — 40 wt% MEG —
30 wt% H20 solution at the same experimental conditions as the 70 wt% aqueous MDEA. The
findings regarding the effect of total pressure on the loading and the H2S partial pressure were
also the same. Based on the newly obtained data and data reported in the literature, the effect
of glycol on the H2S removal capacity of the solvent was studied. It was shown that increasing
MDEA concentration under constant water content or lowering MEG content under constant
amine concentration leads to higher absorption capacity. A comparison of the amine-glycol
system with 70 wt% aqueous MDEA revealed that the H2S absorption capacity of the two

solvents is similar, indicating that the former has potentially higher cyclic capacity.

The thermodynamic behavior of aqueous and non-aqueous MDEA-MEG systems was also
investigated in terms of carbon dioxide (CO2) absorption, since COz often co-exists with HaS.
Due to numerous experimental challenges with the high-pressure apparatus, it was decided to
perform this work using two similar low-pressure VLE setups. The measurements were mass
balance-based and they were conducted at temperatures from 313 K to 393 K and pressures up
to 600 kPa. According to the produced data, the absorption capacity of the aqueous solvents
decreases with increasing glycol content and substitution of water, at constant amine
concentration. In the non-aqueous systems, the solubility of carbon dioxide increases with
increasing amine content up to 30-50 wt% MDEA-MEG, upon which it is reduced. Following
Karl-Fischer titration and Nuclear Magnetic Resonance analysis, it was concluded that CO2
reacts with MEG in the presence of MDEA and that glycol carbonate is formed in both aqueous
and non-aqueous amine-glycol systems. A theory based on the autoprotolysis of the glycol was
proposed, supported by additional VLE data in MDEA-triethylene glycol systems. The
importance of these findings lies in the need to account for the enhanced COz absorption in the
MDEA-MEG systems during regeneration, while the suitability of these systems for streams

with low COz content, requiring limited conditioning, comes to the fore.

In the end, an overall evaluation of the technical performance of MDEA-MEG systems for the
combined H2S removal and hydrate control for subsea application was performed, based on the
findings of this thesis and literature information. Both MEG and MDEA are currently employed
subsea and their blends seem to possess the most important properties in terms of HSE and flow
assurance. Additional information concerning both solvent characterization and process

configuration are required before the technical feasibility of this process can be concluded.
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7.2 Recommendations for future work

All the properties discussed in Chapter 6 should be known for a complete technical evaluation
of the solvent. Future work should primarily focus on extending the work performed in this
thesis in order to define the optimum MDEA-MEG-H20 composition for meeting HzS
specifications in the gas and, equally importantly, meeting the water content specifications
during the transportation of the gas. Highly concentrated aqueous MDEA solutions should also
be evaluated for their ability to remove water vapor. Moreover, given the findings of this work
that COz also reacts in MDEA-MEG systems, VLE data of these solvents in the presence of

both hydrogen sulfide and carbon dioxide would be beneficial for a successful process design.

Although MDEA possesses the major advantage of being already in use subsea, other tertiary
amines have been identified in the literature as better alternatives in terms of chemical stability
and corrosion in their mixtures with MEG and COz. These alternatives should be evaluated in
the presence of HzS, too. MDEA could then be replaced, if they would be found superior with

respect to their removal efficiency, effect on trouble-free operations and environmental impact.

During the high-pressure VLE studies, several challenges arose during the preparation of the
experiments, the measurements and the data processing. The most often problem in this
experimental work was leakages in the equilibrium cell and the surrounding valves, therefore,
training of personnel with the specific type of valves and systems is desired. Moreover, it is
crucial to investigate further how low water content in the vapor phase can be quantified by GC
and why the liquid phase analysis by GC did not agree with the mass balances. As far as the
vapor pressure of the solvents is concerned, it was not possible to be measured by using an
ebulliometer. The possibility of stirring should be added in the ebulliometer or another method
should be employed for the reliable measurement of the blends’ vapor pressures. Unfortunately,
some parts of the low-pressure VLE apparatuses, the densitometer and the viscometer cannot
tolerate HaS, and it was not possible to perform measurements with H2S-loaded solutions. Such

experimental data would be advantageous for the overall technical evaluation of the solvent.

Thinking of the bigger picture for this process, it is noticed that an important missing part is the
regeneration scheme. Solely thermal regeneration is not likely to succeed when using non-
aqueous or highly water-lean MDEA-MEG systems due to the low content of water and the
different regeneration temperatures of the amine and the glycol. Therefore, alternative

regeneration schemes, for example, using stripping gas should be studied. Kinetic data and mass
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transfer data are also required in order to define the length of the pipeline/contactor, the
injection point and the separation point of the solvent from the gas stream. Last but not least,
inline gas-liquid contact and droplet distribution studies in the pipeline are necessary to
demonstrate the technology for the combined H2S removal and hydrate control for subsea

application.
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Appendix

Appendix A

Experimental setups and procedures

A detailed description of the experimental setups used in this work and the corresponding

experimental procedures is presented.
Amine analysis

During solution preparation, the amine concentration was verified by acid-base titration using
a Mettler Toledo G20 titrator. Approximately 0.2 ml of liquid sample is diluted with 50 ml
deionized water. The solution is titrated against H2SO4; 0.05 mol/L (0.1N) H2SOs4 is used for
the analysis of low concentrated amine systems and 0.1 mol/L (0.2N) H2SOs4 is used for the
analysis of highly concentrated amine systems. The end point is obtained at pH 2.5. At least
two parallel measurements are performed for each sample and the average is reported. The
absolute relative deviation (ARD) in the analyses of this work was always lower than 3%.
Typically, amine analysis was performed before and after the experiment (density, viscosity,

VLE) to ensure that even at high temperatures the composition remained the same.
Density meter

An Anton Paar Density Meter DMA 4500M was used during the density study of aqueous and
non-aqueous MDEA-MEG systems. The density measurement is based on the oscillating U-
tube method. The apparatus is calibrated with millipore water and dry air, as explained by
Hartono et al. (Hartono et al., 2014). The density meter is connected with a thermally regulated
carousel which can accommodate up to 44 sample vials. 10 ml of liquid sample are charged in
the sample vials which are then introduced in the measuring compartment by the Xsample 452

system for automatic filling, cleaning and drying.
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The measurements were conducted in the temperature range from 283 K to 353 K and ambient
pressure and the density meter was validated against pure water, MDEA and MEG. Cleaning
with acetone and drying was performed after every measurement. The measurements always
started with an air check and measurement of Millipore water samples. For a continuous check
of the results as well as an additional cleaning media, water samples were also placed after
every three samples. Both the repeatability of the density measurements and the reproducibility
between freshly prepared solutions of the same composition were studied. The average absolute
relative deviations (AARD) were found to be equal to 0.01% and 0.02% for the repeatability
and reproducibility study, respectively.

Viscometer

A Lovis 2000 M microviscometer was used during the viscosity study presented in this work.
The viscosity measurement is based on the falling-ball method and it is actually a correlation
between the rolling time of a ball inside an inclined capillary and the sample’s viscosity. The
measurement takes place into a temperature-controlled capillary block, containing a capillary
of a 1.59-10° m diameter with a gold ball. By changing the angle of the block, the rolling time
of the ball is measured, which together with the density obtained from the DMA 4500 M, are
used to calculate the sample dynamic viscosity. The limits of the viscometer are 353 K
temperature and 60 mPa-s viscosity. It is connected in series with the density meter, making use
of the same heated carousel and the Xsample 452 system, as described under the density meter.

Therefore, the same sample can be used to measure, first, its density and, secondly, its viscosity.

The measurements were conducted in the temperature range from 283 K to 353 K and ambient
pressure and pure water, MDEA and MEG were used as reference fluids for the validation of
the apparatus. By repeating the measurement of the same sample and of two different samples
of the same composition, the repeatability and reproducibility were determined. The

repeatability measurements demonstrated 0.76% AARD and the reproducibility 0.69% AARD.
Rheometer

For viscosities close to or higher than 60 mPa-s, which is the limit of the available capillary in
the microviscometer, an Anton Paar MCR 100 rheometer with a double gap measuring cell
(DG-26.7) was used. It consists of two cylinders placed concentrically the one inside the other,

leaving a gap for the fluid of interest to be introduced. 3.8:107% m? of sample is required, whose
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temperature is controlled and maintained stable throughout the measurement by virtue of the
rheometer’s built-in Peltier elements with an accuracy of 0.2 K. The measurement is actually
the result of rotational tests with controlled shear rate and shear stress. The slope between the

shear rate and the shear stress measured corresponds to the viscosity of the sample.

The rheometer was calibrated with standard viscosity solutions from Paragon Scientific Ltd.,
as explained by Hartono et al. (Hartono et al., 2014) and validated against pure water, MEG
and MDEA. This apparatus was used for our measurements which exhibited the highest
viscosities, mainly those performed at 283 K. Repeated measurements demonstrated a
maximum absolute relative deviation (MARD) of 2.05% and an AARD of 0.5%. Solutions
measured in both the microviscometer and the rheometer showed 2.72% MARD and 1.07%

AARD from each other.
Ebulliometer

A modified Swietoslawski ebulliometer was used for the measurement of the vapor pressure of
pure MDEA and pure MEG, described earlier also by Kim et al. (Kim et al., 2008).
Measurements can be performed at temperatures and pressures of up to 473 K and 1 atm,
respectively. The setup consists of the ebulliometer, pressure and temperature controllers, a
vacuum pump and a nitrogen bottle. The temperature is measured with calibrated Pt100
resistance thermosensors with an uncertainty of + 0.05 K. A DP1520 pressure controller from

Druck™

was used, calibrated against a BeamexC5 calibrator with an accuracy of + 0.03 kPa.
Equilibrium is achieved inside a 2-10* m? glass equilibrium still, bearing two valves for the
sampling of both the vapor and the liquid phase. Water was used as the reference fluid for the
validation of the apparatus and a 5% maximum error from the literature was found in

equilibrium pressure.

After purging nitrogen through the ebulliometer, approximately 0.8:10* m?

of liquid was
charged inside the still. At the desired pressure and temperature, the system was left to
equilibrate. Equilibrium was assumed after 10 min of stable pressure and temperature. The
vapor pressure of MDEA was measured at the temperature range of 405 — 435 K and of MEG
at the range 269 — 433 K. The experiments performed in this work indicated that high viscosity
mixtures pose measuring limitations mainly due to lack of solution homogeneity inside the still.
A stirring option would be particularly useful for vapor-liquid equilibrium measurements of

viscous systems.
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The high-pressure VLE setup

The high-pressure vapor-liquid equilibrium (VLE) setup used in this work is an in-house
manufacture by ARMINES and it is developed by Laugier and Richon (Laugier and Richon,
1986). The principle of the high-pressure VLE apparatus is described as a “static-analytic”
method because the gaseous and liquid components to be studied are left to equilibrate, while
the measurements are performed by analysis of the vapor and liquid phase by Gas
Chromatography (Fonseca et al., 2011). Measurements with acid gases and organic sulfur
compounds with different solvents in a wide range of pressures, from 0.5 to 10 MPa (19.9 MPa),
and temperatures, from 223 to 473 K can be conducted. Online monitoring of the pressure and
temperature enables the determination of equilibrium. The apparatus is similar to the one
previously presented by Dicko et al. (Dicko et al., 2010) and its schematic is shown in Figure
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Figure A. 1 High-pressure VLE setup. DTD: Displacement Transducer Display, DLD: Data Logging
Device, DT: Displacement Transducer, GC: Gas Chromatograph, MS: Mobile Sampler for the
analysis of liquid phase, NRV: Non-Rotating valve, PC: Personal Computer for data acquisition, PT:
Pressure Transducer, T: Thermocouple, V: Valve, VS: Vapor Sampler for the analysis of gas phase,
VVP: variable volume press.

e HaS 0
b GASTANK

262



The setup consists of three distinct parts: a) the equipment for filling up the equilibrium cell,
i.e. the variable volume press (VVP), the gas bottles and gas tanks, b) the equilibrium cell,
including automatic samplers for the gas and the liquid phase(s) and c¢) the equipment for the
analysis of the samples, i.e. the gas chromatograph (GC). Each of these parts consists of various
valves and instrumentation. The temperatures in the equilibrium cell and gas tank are measured
through 100 Q Platinum resistance temperature detectors (Pt100) which are carefully and
periodically calibrated. The Pt100 are connected to an HP data acquisition unit (HP34970A),

which is connected to a personal computer through RS-232 interface.
a) The equipment for filling up the equilibrium cell.

The amount of liquid solution and gas to fill the cell with, must be known in order to be able to
perform a VLE measurement. A variable volume press (VVP), composed by the variable
volume pressure cell, a piston and a displacement transducer, is used to introduce the liquid
solution inside the cell and record the exact displacement of the piston. Back-pressure of
approximately 500 kPa is applied in order to move the piston and introduce the liquid. The
piston displacement is measured and together with the knowledge of the internal diameter of

the cell, the exact volume is determined.

Connection of the
displacement transducer to
the metallic stem connected to
the pressure cell

Optical rule

Display connecting cable

Tube to connect
with the
measurement cell

Variable volume
pressure cell
valve

Connection for the piston
pressurisation fluid

Figure A. 2 The variable volume press (Figure taken from the user manual from ARMINES).

A cylindrical gas tank with volume of 1.61:10* + 5-10® m® was used as an intermediate gas

kTM

storage between the gas bottle and the equilibrium cell. A calibrated Druc pressure

transducer was mounted on the top of the gas tank and was connected to the HP data acquisition
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unit. The transducers are maintained at constant temperature (temperature higher than the
highest temperature of the study) by means of a specially made oven, which is controlled using
a PID regulator (WEST, model 6100). The main reason of using gas tanks is to avoid opening
the HaS bottles many times, since one pressurization of the gas tank from the bottle up to 1500
kPa was adequate for more than six experiments. In addition, direct pressurization of the cell
from the H2S gas bottle was avoided, therefore, in the extreme case of a leakage, limited amount

of hydrogen sulfide would be released.
b) The equilibrium cell

The equilibrium cell consists of a sapphire tube with two Hastelloy flanges, one on the top and
one on the bottom of the tube. DuPont Kalrez O-rings which can tolerate high temperature,
pressure and are resistant to sour multi-phase fluids containing H2S are used for sealing between
the tube and the flanges. The upper flange accommodates two non-rotating stem loading valves,
for H2S and for CH4, and the lower flange accommodates two more, only one of which was
used for the loading of the liquid solution and the discharge of the cell into a caustic solution.
A stirring system is integrated to the cell in order to reduce the time of equilibration and ensure
phase homogeneity. Inside the cell, there is a rotating axis with one propeller mounted on the
rotating axis for stirring the gas phase and a magnetic bar in the bottom of the axis for stirring
of the liquid phase. A magnetic rod outside the cell causes the axis inside the cell to rotate by

means of a variable speed motor.

The temperature is controlled by immersing the cell into an oil bath and it is monitored by two
100 Q Platinum resistance temperature detectors (Pt100) with an uncertainty of + 0.02 K. Each
flange accommodates one Pt100 thermoelement. The upper flange also accommodates a
cartridge heater with an integrated thermocouple to allow for additional heating of the flange
to eliminate any temperature gradient within the cell. The cell is equipped with two Druck™
pressure transducers, one for 0—3 MPa and the other for 0-30 MPa pressure range, respectively,
which are maintained at the temperature they were calibrated at. The uncertainty is 0.6 kPa.
The cell volume when both pressure transducers are open to the cell is 33.12:10° + 5:10" m?
and, when the low-pressure transducer is isolated, it is 32.24-10° m®. Temperature and pressure
are monitored through the HP data acquisition system. Besides connecting the equilibrium cell
with the temperature and pressure measuring elements, the upper flange also serves as a support
for the ROLSI™ electromagnetic samplers (ARMINES, 2003). A ROLSI sampler is shown in
Figure A. 3.
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Figure A. 3 ROLSI™ sampler (Figure taken from the user manual from ARMINES).

Two capillaries, with designated diameter and level inside the cell, allow for the automatic
sampling of the vapor and liquid phase each. The gas phase capillary enters at an angle while
the liquid phase capillary enters vertically. The latter serves as a guide for the stirring axis inside
the cell too. The body of the ROLSI™ practically separates the moving part of the sampler and
the fixed capillary. The moving part consists of a polymer part in its lower end and a soft iron
nucleus and a return spring in the upper end. When electromagnetic force is applied, the moving
part is drawn up and unseals the upper part of the capillary for sample withdrawal. The carrier
gas from the GC flows through the body and the upper part of the capillary and transfers the

sample to the GC column for analysis, via a heated transfer line.

The size of the samples taken, especially under conditions of a given pressure and temperature,
is in direct proportion to the duration of the sampling time. Pressures, temperatures and thus
viscosities varied greatly in our work, thus the sampling time had to be adjusted every time in
order for the sample concentration to be within the range of the GC calibration. Generally, the
sampling time was highest at the lowest pressure and decreased at higher pressures, at constant
temperature. The sampling times for vapor sample covered the range 0.13-0.50 s at 2000 kPa
bar, 0.06-0.13 s at 6000 kPa and 0.04-0.08 s at 10000 kPa, while for the liquid phase covered
the range 0.20-1.10 s at 2000 kPa, 0.08-0.50 s at 6000 kPa and 0.07-0.40 s at 10000 kPa. It is

worth noting that the diameter of the two capillaries are different.
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c¢) The gas chromatograph

This setup contains a PERICHROM (model PR-2100) gas chromatograph equipped with a
thermal conductivity detector (TCD) and a flame ionization detector (FID), which were
operated at 453 K and 523 K, respectively. The analysis column is a Porapak-R column
R80/100 mesh (length 2 m, diameter 2 mm) from RESTEK. Helium was used as a carrier gas
at a flow rate of 20 ml/min. A valve is installed on the GC which acts as a divider of the column
in two parts, the first part where the sample is injected (pre-column) and the second part where
the analysis takes place (main column). The valve can automatically close at a requested time
in order to redirect towards the waste undesired components, instead of letting them pass in the
main column. Undesired components are those which accumulate in the column, resulting in a
tail on the chromatogram, decay of the column and eventually failure to obtain reproducible
chromatograms. In our case, these components are MDEA and MEG which are not measured,
but calculated assuming constant ratio with water. The software used for GC acquisition and

treatment is WINILAB III.

After careful testing and calibration of the detectors, temperature programs were created for the
vapor phase analysis, liquid phase analysis, baking of the column and stand-on mode. A
constant temperature program at 333 K was used for the quantification of both methane and
hydrogen sulfide in the vapor phase. Analysis at 373 K was also performed to check for water
presence in the vapor phase. For the liquid phase analysis, the temperature program was
extended and set to 373 K for the measurement of water. The last temperature level was always
503 K for baking the column in order to remove any possible remaining sample. The
temperature and duration of each one of them were decided based on the retention time of the
components, the carrier gas flow rate, the ramp rate of the oven temperature and the clarity of
the signal in the chromatogram. By injecting known amounts of gases in the GC, a calibration
correlation between the peak area in the chromatogram and the number of moles was found.
The gases were injected using an automatic syringe (SGE eVol XR syringe) and the liquids

using manual syringes.

The TCD was calibrated for all components measured, i.e. methane, hydrogen sulfide and
water, while the FID only for methane, since the rest cannot be detected. Although methane is
also detected by the TCD, FID is more sensitive and suitable for detecting low methane
concentrations. Therefore, the FID was used for the measurement of methane in the liquid

phase, while it was saturated during the sampling of the vapor phase whose main component is

266



methane. Moreover, the amount of hydrogen sulfide and methane differed significantly at
different experiments. In some cases, the option of increasing the sensitivity of the detector was
used. For example, the TCD was calibrated for both sensitivity level “Gain 1” and “Gain 5” in
order for the H2S amount in the sample to be always within the calibration range. This was
necessary because adjusting the sampling time was not in all cases sufficient. A typical

chromatogram where both detector sensitivities were employed is shown in Figure A. 4.
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Figure A. 4 Typical TCD chromatogram of vapor phase analysis using gain 1 for methane up to ca.
0.9 min and gain 5 for hydrogen sulfide afterwards.

It was found that manual integration of the peaks in the chromatogram shows higher
repeatability than the automatic one. Therefore, all the peaks were integrated manually in this
work. In order to check the repeatability of the measurements and to perform uncertainty
analysis, five samples at least were withdrawn, the first two of them usually were required to
saturate the transfer lines in terms of adsorption. Disturbance to equilibrium was considered

negligible due to the small volume of each sample.
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The experimental procedure starts with the cleaning of the cell and the tubings using hot
deionized (DI) water and ethanol, drying, and setting it to vacuum for at least 10 hours. The
solution is prepared under vacuum directly inside the VVP and can be used for multiple
experiments. The solution is introduced inside the cell, and the end displacement position is
recorded, so as the exact amount of solution added can be calculated. Then, the cell is immersed
into the liquid bath, the stirrer is set on and the desired temperature of the experiment is set.
Temperature stabilization requires approximately 30-60 min, after which the vapor pressure of

the solution is recorded.

Most of the experiments were conducted by first deciding the global loading, i.e. mol of HaS
inside the cell per mol of amine, inside the cell. Based on the PVT conditions of the H2S gas
tank before and after the filling of the cell, the amount of HzS introduced can be determined.
Knowing the moles of Hz2S introduced in the cell, the global loading can be calculated based on
Eq. A. 1 and Eq. A. 2. In this work, REFPROP software (Lemmon et al., 2018) and, specifically,
a Helmholtz energy-based equation of state developed by (Lemmon and Span, 2006) for pure

H>S were used.

__ . before __ _ after Eqg. A. 1
Ny2s = Nyastank ~ MH2s tank a
_ MNuzs Eq. A.2
aglob -
NMDEA

In order to perform experiments with increasing Ha2S loading, small amount of HaS are
introduced in steps and, in every step, samples are withdrawn upon equilibration for GC
analysis. Such is the case of the experiments of this work performed with 50.1 wt% MDEA

aqueous solution. Due to limitations of the ROLSI™

sampler, the total pressure should be
minimum 500 kPa, thus, makeup gas should be used. Higher loadings are reached by adding
more HaS into the cell and repeating the above-mentioned procedure. For the systems 70 wt%
MDEA - 30 wt% H20 and 30 wt% MDEA — 40 wt% MEG — 30 wt% H20, two series of
experiments were conducted based on the global loading, one for 0.2 and one for 0.5 mol
H2S/mol MDEA. The experimental procedure varies in the way that after equilibrium is
reached, makeup gas is added at isothermal conditions and a VLE measurement is conducted

at increasing total pressures. Typically, performing this type of experiments lasts approximately

one week for one temperature and three different pressure levels.
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In this work, the liquid phase concentrations reported were calculated based on the mas balances
and the vapor phase analysis, due to the fact that the liquid phase analysis did not match the
mass balance. Knowing the pressure, temperature and the composition of the vapor phase, the
density of the vapor phase was estimated using REFPROP software (Lemmon et al., 2018). Eq.
A.3to Eq. A. 6 show the calculations for the determination of the liquid loading from the vapor
phase density.

no, =p’- V¥ Eq. A.3
ny = Nior " Vi Eq. A. 4
nj = ngoe —nf Eq. A.5
Niras Eq. A. 6

"~ Mupea

where pV is the molar density of the gas mixture, calculated using REFPPROP and V7 is the
volume of the vapor phase. The volume of the vapor phase is calculated by subtracting the
volume of the liquid solvent from the volume of the cell, which is known. Knowing the mass
introduced in the cell at ambient temperature, the liquid phase volume can be calculated by a

suitable density correlation.
The low-pressure VLE apparatus

The low-pressure vapor-liquid equilibrium measurements in this work for CO.-MDEA-MEG
and CO2-MDEA-MEG-H20 systems were conducted using two similar setups, named VLE-1
and VLE-2. A schematic has been drawn by Hartono and his co-workers (Hartono et al., 2017)
and is shown in Figure A. 5. It can be seen that the setup consists of a glass reactor, a storage
cylinder for CO2, a condenser, a vacuum pump and the gas bottles. The volume of the glass
reactor and the storage cylinder is approximately 1-10° m? and their pressure and temperature
are constantly monitored and logged. The only difference between VLE-1 and VLE-2 is that
the reactor in VLE-1 is connected with one pressure transducer (PCE-28, 0-600 kPa) while the
reactor in VLE-2 employs two pressure transducer, one for low pressures (PTX7517-1, 0-200

kPa) and one for higher pressures (PTX5072, 0-600 kPa). The same type of pressure transducers
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is used in each set up for the reactor and the storage cylinder. The temperature is monitored by
Pt100 resistance thermosensors and it is controlled a Julabo MEG6 heat circulator using ethylene
glycol as a heating medium. Silicon-heating tapes are used for the heating of the lid of the
reactors. The apparatus can be operated pressures 0 — 600 kPa (accuracy £1.27 kPa) and at

temperature range of 303 — 393 K (accuracy +0.1 K).
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Figure A. 5 Illustration of the low-pressure VLE apparatus. TI: Temperature Indicator, PI: Pressure
Indicator, TG: Temperature Gas phase, TLC: Temperature Liquid phase Control (Figure taken from
Hartono et al., 2017).

The experimental procedure includes evacuation of the reactor, introduction and degassing of
the solvent, and performance of the measurement. The measurements can be performed either
at multiple temperatures with one COz loading or isothermally with multiple loadings. In the
first case, the temperature is set to automatically increase from 303 to 393 K with a constant
step, 10 K in this work. At 393 K, COz is injected to the maximum pressure of the reactor. The
temperature is then decreased in reversed steps until 303 K. In the second case of isothermal
experiment, once equilibrium is obtained at the desired temperature, CO2 is added. After each
system equilibration, more CO: is added until the pressure inside the reactor is close to 600
kPa. Equilibration required approximately 4-8 hours. The system was under constant stirring
(ca. 500 rpm) and equilibrium was assumed when the temperature and pressure of the reactor

were constant for 5 min.
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The calculations are based on mass balances. The exact amount of solvent introduced was
known by weighing the solvent holder, before and after charging the reactor. P-V-T data are
known for the COz storage vessel, thus the amount of gas before and after the CO2 loading of
the solvent can be calculated. An equation of state, here Peng-Robinson (Peng and Robinson,
1976), is used for estimating the amount of carbon dioxide in the vessel. The equilibrium

pressure is calculated by Eq. A. 7:

PCOZ = Preactor — Pstart Eq. A.7

For the aqueous systems, where pronounced chemical effects were expected, the experiments
were conducted isothermally with multiple loadings and the loading in mol CO2/ mol MDEA
was calculated and reported. For the non-aqueous systems, where only physical solubility was
expected, the experiments were conducted at multiple pressure with a single carbon dioxide
addition and the Henry’s constant was calculated and reported. The Henry’s constant can be

calculated according to Eq. A. 8, where ¢, stands for the concentration of COz in the solvent.

Peo,

Heo, = Eq.A. 8

Cco,

The validation of the experimental methodology was performed by measuring the solubility of
carbon dioxide in pure water and comparing our results to the correlation provided by Carroll
et al. (Carroll et al., 1991), as formulated by Penttild et al. (Penttild et al., 2011). The AARD
between measured and literature values was always lower than 3% for both VLE-1 and VLE-
2. Moreover, various experiments were conducted twice and showed that the AARD between

two repeated experiments was also lower than 3%.
CO: analysis

COz analysis was performed at the end of VLE experiments with CO2-containing systems in
order to verify the mass balance-based calculations for the CO2 content in the liquid phase. The
analysis was conducted in the Total Organic Carbon TOC-L analyzer provided by Shimadzu,
which allows for the determination of the Inorganic Carbon (IC) species (CO,, HCO3, CO3™).
The content of IC is determined by acidification using H3PO4 (25 wt% solution) and sparging

of the sample with synthetic air. The IC is released completely as CO2 and it is afterwards
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detected with a non-dispersive infrared (NDIR) sensor, by measuring the amount of IR radiation
of the specific wavelength at which CO2 absorbs. Standard solutions (sodium hydrogen

carbonate, NaHCOs) were used for the calibration of the analyzer.

The analyzer is connected to a carousel which can accommodate up to 68 sample vials of 40 ml
each. The liquid sample to be measured was diluted by a factor of 100 using Millipore water
and sample homogeneity was ensured by using a vial shaker, prior to placing them in the
carousel. The measurements always started and ended by measurement of standard solutions.
Standard solutions were also placed after every three samples for a continuous check of the
calibration curve. Two parallel measurements were performed for each sample and the average

was reported. The AARD was 4%.

Karl-Fischer titration

Coulometric Karl-Fischer titration is an established method for low water content determination
and it was used in this work for identifying and quantifying the presence of water in the MDEA-
glycol systems. The measurements were performed ina METHROM 831 KF coulometer which
allows for water measurement down to 10 ppm. The method utilizes a methanolic solution of
iodine, sulfur dioxide and a base as a buffer. Certified water standard solutions were used to
check the accuracy of the instrument prior to the measurements. Typically, 0.03-0.06 g were
injected in the titrator using one-time use syringes for each sample. The end point is defined
voltammetrically by application of an alternating current of constant strength to a double Pt
electrode. At least three parallel measurements are performed for each system and the average
is reported. Since the systems of this work are highly hydrophilic, leaving the samples open to
atmosphere even for a short time gave a pronounced effect on the measurement. The AARD in

this work was 11%.
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Abstract—The feasibility of the combination of hydrogen
sulfide removal and dehydration is investigated in this work
using Aspen Plus simulation software. First, the simulation model
is validated against experimental data from the literature.
Secondly, two process configurations are examined for the
simultaneous removal of hydrogen sulfide and water vapor, and
Aspen Plus limitations are discussed. Pressure of 100 bar was
used in the absorption simulation, in order to simulate subsea
high pressure while three different natural gas compositions,
with increasing hydrogen sulfide content, were studied. The
absorption performance using a mixed methyldiethanolamine
(MDEA)-monoethylene glycol (MEG) solvent in one contactor
was not possible due to convergence problems. Absorption of HzS
and CO: in aqueous MDEA, and H:0 in aqueous MEG,
including regeneration of the solvents, was therefore simulated
separately and further analysis was performed. The specific
reboiler duties required to meet the H2S content specification for
trouble-free gas transportation in the sweet gas, using an aqueous
MDEA solution for optimum Liquid-to-Gas ratio in the absorber,
are in agreement with values reported in the literature. Gas
dehydration in order to meet the water dew point specifications
was also investigated.

Keywords—hydrogen sulfide removal; dehydration; Aspen Plus
simulations; subsea

I. INTRODUCTION

The trend in the oil and gas sector is towards subsea
production and processing and the exploitation of subsea wells
has witnessed significant developments since the start of the
offshore era. More and more fields are found in greater
distances from the shore and in greater depths than the ones
under production so far. As a result, the need for more compact
and lighter installations has risen in order to meet the
technological and economic demands onshore and offshore.
Research is conducted towards increased modularity of process
equipment and reduced weight, size, complexity and footprint,
i.e. process intensification [1]. The combination of two well-
established processes in natural gas treatment into one can lead
to more compact, smaller installations with lower energy
requirements.

In this direction, our work focuses on the development of a
process for the combined hydrogen sulfide removal and
hydrate control. Acid gas removal and hydrate inhibition are

key-processes for natural gas treatment in order to ensure
trouble-free operations and fulfil environmental requirements.
Commonly, acid gases, such as hydrogen sulfide and carbon
dioxide, are removed with alkanolamine solutions by chemical
absorption. For hydrogen sulfide removal, a solution of the
tertiary amine N-methyldiethanolamine (MDEA) is an
excellent solvent due to, among other, its ability to selectively
absorb H,S over CO,, the low heat of reaction with H,S and
CO», and low corrosive and highly resistant to thermal and
chemical degradation nature [2]. Direct injections of
concentrated solutions of monoethylene glycol (MEG) into the
gas pipelines is a widely applied technique for hydrate
inhibition. Concentrated MEG solutions physically absorb the
water in order to prevent hydrate formation. MEG is preferred
over other glycols and methanol due to its lower cost, lower
viscosity, and lower solubility in liquid hydrocarbons [3], [4].
A combined solvent composed by MDEA, MEG and H,O thus
seems promising for such application.

The concept for the simultaneous acid gas and water vapor
removal exists already since 1939 when Hutchinson [5]
patented such a gas treating process. In this patent, he claims a
process in which acidic gases, such as CO, and H»S, and water
vapor are removed simultaneously from a gas stream by means
of absorption of these impurities into a liquid absorbent.
Similarly to the typical amine-based acid gas removal, the gas
is contacted in a tower counter-current with the liquid
absorbent which removes the acid gases and the water vapor.
The absorbent is a mixture of a glycol, an amine and water.
The glycol-amine solution leaves the bottom of the absorber to
enter a desorber where it is regenerated by providing sufficient
heat to release the absorbed water vapor and acidic gases in a
cyclic operation. The following years, more patents were
granted based on Hutchinson’s idea, from McCartney [6], [7]
and Chapin [8].

Subsea application could be realized by spraying inline the
solvent into the transport pipeline while the regeneration of the
solvent could take place topside. The regeneration requires
high temperatures and subsea regeneration could be
challenging due to the low temperatures occurring at the
seabed. In this work, the removal capacity of a combined
solvent composed by MDEA, MEG and H,O is investigated in
an absorber at the high pressure of 100 bar, in order to simulate



the high pressure experienced subsea. More specifically, the
simulation aimed to the removal of H,S down to 4 ppm and the
removal of water to achieve a water dew point of -18°C at 70
bar, according to typical gas transport specifications for the
Norwegian Continental Self [9].

In this work two different process configurations were
investigated using the available model in Aspen Plus process
simulator. One of them concerned the removal of H,S and
water with a mixed solvent in one absorption column and one
concerned the removal of H,S and the removal of water in two
different absorbers. Due to convergence issues with the first
configuration, further analysis was performed for the latter one.
The effect of the MDEA concentration and the MEG
concentration on the removal capacity of the solvent was
studied. In addition, the energy required for the regeneration of
the solvent for three different compositions of natural gas was
investigated. The composition for the three cases, with
increasing hydrogen sulfide content, is shown in Table 1. The
inlet temperature of the sour gas was set to 25°C.

TABLE L. SOUR GAS COMPOSITIONS IN MOL% FOR THE THREE CASES
STUDIED
Case 1 Case 2 Case 3
Hydrogen sulfide 50 ppm 500 ppm 45%
Carbon dioxide 5.6 % 5.6 % 8.0 %
Water 921 ppm 921 ppm 973 ppm
Methane rest rest rest

II. METHODOLOGY

The chemical process simulator software Aspen Plus
version 8.6 and the template “ElecNRTL Rate Based
MDEA_ model” are used for the simulation of the combined
hydrogen sulfide removal and hydrate control. The template
was used without any modifications on its thermodynamic
model while equilibrium calculations were defined for the
absorber and the desorber. In a first stage, the available model
was validated against experimental vapor-liquid equilibrium
(VLE) data found in the literature. In a second stage, different
process configurations were studied and further analysis was
performed.

A. Validation

Validation of the simulation software Aspen Plus is crucial
for the correct evaluation of the simulation results. Therefore,
an extensive validation of the Aspen Plus model employed in
this work has been performed. The systems studied consist of
the components of main interest which are the impurities to be
removed from the gas stream, water and H,S, the constituents
of the removing solvent, MDEA and MEG, and the gas
components having an effect on the removal capacity, CO, and
CHa. The study of the CO» solubility is significant as MDEA is
chosen for this simulation study because of its selectivity
towards H,S over CO», as mentioned earlier. Moreover, one of
the criteria for solvent selection is the hydrocarbon losses into

the solvent, primary methane, as significant losses deteriorate
the quality of the gas and, thus, its heating value. Therefore, the
capability of Aspen Plus model to predict the solubility of
methane in aqueous MDEA and in aqueous MEG was also
studied.

Table II presents the sub-systems for which the validation
was performed as well as the sources of VLE data used for the
validation. The data used cover various solvent concentrations,
pressures and temperatures in order to simulate the high
pressures/low temperatures of absorption and the low
pressures/higher temperatures required for desorption.

Fig. 1, for example, shows the predicted equilibrium curves
with Aspen Plus model against HoS solubility experimental
data available at the literature from Jou et al. [10] for a 50.1
wt.% MDEA solution. It is observed that, for the given
pressure and temperature range, the predicted VLE curves
follow the trend of the experimental data. Further study for H,S
solubility in different solution concentrations revealed that
there are lower deviations for a 11.9 wt.% MDEA solution or a
23.7 wt.% MDEA solution.
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Fig. 1. Estimated and experimental [10] partial pressure of hydrogen sulfide
on log scale as a function of the loading of hydrogen sulfide in the liquid
phase of a 50.1 wt.% aqueous MDEA solution at 25°C, 40°C, 70°C and
120°C.

The solubility of CO,, H>S, CH, in MDEA and in MEG as well
as the solubility of H,O in MEG was studied and the results
were found satisfactory. However, large deviations were
observed between the predicted VLE curves and the literature
data [20] for the combined MDEA-MEG-H,O solvent, as
demonstrated in Fig. 2. A possible explanation for the large
deviations observed is the fact that on the template used for this
study, the reaction of H,S with MDEA is defined requiring the
presence of water. In reality, the reaction of hydrogen sulfide
with MDEA is a proton transfer, which does not require water
to take place [21]. This is the reason why MDEA is known for
selective removal of H,S over CO,, as mentioned earlier. On
the other hand, carbon dioxide cannot react with an amine
without the presence of water. Naturally, by replacing the water
in an MDEA solution with another compound, in our case
MEG, should in theory improve the selectivity of the solvent



TABLE IL. OVERVIEW OF THE VLE DATA USED FOR THE VALIDATION OF ASPEN PLUS MODEL
System Solvent Con“centration Tempﬂerature Pressure Literature source
(Wt.%) ((9)] (kPa)
H,S-MDEA 11.9% - 50.1% MDEA 25-120 0.0013-5840 Jou et al. [10]
23.7% MDEA 40 0.52-1600 MacGregor and Mather [11]
CO,-MDEA 11.9% - 50.1% MDEA 25-120 0.001-6570 Jou et al. [10]
23.7% MDEA 40 1.17-3770 MacGregor and Mather [11]
35% MDEA 40, 100 0.004-236 Jouetal. [12]
CH;-MDEA 34.7% MDEA 25-130 95-13210 Jouetal. [13]
H,S-MEG 99.5% MEG 25-125 3.5-6750 Jou et al. [14]
CO,-MEG 99.5% MEG 25-125 29.3-20290 Jou et al. [14]
99.8% MEG 50-125 425.5-5421 Galvao and Francesconi [15]
99.9% MEG 50-125 895-38400 Zheng et al. [16]
CH4+-MEG 99.8% MEG 30-150 1367.4-13726.4 Galvao and Francesconi [15]
99.9% MEG 50-125 200-39617 Zheng et al. [16]
H,O-MEG 99.99% MEG 60 0.28-19.92 Horstmann et al. [17]
99.5% MEG 50 0.316-12.082 Gonzales and Van Ness [18]
99%MEG 60 0.543-19.428 Villamafian et al. [19]
CO,/H,S-MDEA-MEG | 30% MDEA + 65% MEG 40-90 1.1-70.75 Xu et al. [20]

for H,S over CO,. Further analysis was performed in order to
investigate the effect of the water content in the solvent. As
H>O is added, the solubility of H>S is increased and the
experimental points are better approached. This shows that, as
more water is becoming available, more H,S can react with the
amine solvent, reinforcing the aforementioned discussion. The
analysis was based on the experimental points from Xu et al.
[20], which to our best knowledge is the only literature source
available with VLE measurements for the system H>S/CO»-
MDEA-MEG-H,O. Moreover, further uncertainty during
validation exists since only five experimental points for each
solvent composition are provided, which were in addition
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Fig. 2. Estimated and experimental [20] partial pressure of hydrogen sulfide
on log scale as a function of the mole ratio of hydrogen sulfide in the liquid
phase at 40°C for system (a) 30 wt.% MDEA + 70 wt.% HO, system (b) 30
wt.% MDEA + 60 wt.% MEG + 10 wt.% H,0, system (c) 30 wt.% MDEA +
65 wt.% MEG + 5 wt.% H,O and system (d) 30 wt.% MDEA + 70 wt.%
MEG.

retrieved directly from the charts due to the fact that the
solubility data were not reported.

B. Process Configuration

The investigation of a process configuration consisting of
one absorption column (Fig. 3a) in which both H,S and water
are removed with a combined MDEA-MEG-H,O solvent was
attempted. However, convergence issues did not allow for the
investigation of the removal capacity of the mixed solvent
when small amounts of water were available. The use of a
solvent with 80% diethylene glycol, 15% triethanolamine and
5% water is suggested in the literature [5] for the simultaneous
removal of hydrogen sulfide and water vapor, and solvents
with higher water concentrations were not the scope of this
work. In addition, the results from the validation of Aspen Plus
model showed that the model fails to predict accurately the
thermodynamic behavior of the combined system with 0 to 10
wt.% water, unless a substantial amount of water is added.
Thus, this process configuration was not investigated further.

Analysis was, therefore, performed using two different
absorption towers for the removal of hydrogen sulfide and the
removal of water subsequently (Fig. 3b) in order to study the
absorption process at 100 bar and the corresponding energy
requirements. During this investigation, the regeneration of the
two separate solvents was also simulated. In this configuration,
water saturated gas enters the first absorber to contact a MDEA
solution in order to meet the HoS specification. Afterwards, the
sweet gas leaving the first absorber enters the second absorber
where it is contacted with a MEG solution in order to meet the
water content specification. The effect of the HoS content of the
gas and MDEA concentration of the amine solvent on the
Liquid-to-Gas (L/G) ratio and energy required for the
regeneration was investigated. Moreover, a preliminary
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Fig. 3. Investigated set-ups implemented in Aspen Plus for H,S and water removal a) with a combined solvent of MDEA-MEG-H,O and b) with a MDEA

solution and a MEG solution in two absorption columns, respectively.

analysis was performed regarding the MEG concentration
required for the dehydration of the sweet gas. The findings of
the analysis performed using this process configuration are
presented and discussed in the next section of this work.

III. RESULTS AND DISCUSSION

The results from the second configuration, where the
removal of H>S and the removal of water with an MDEA
solution and a MEG solution, respectively, are examined
separately, are presented in this section. The absorption for
both acid gas and for water vapor takes place at 100 bar while 8
stages are used in both absorbers. The desorbers consist of 8
and 4 stages for the desulfurization and dehydration process,
respectively.

A. H,S Removal

e MDEA Concentration Effect

The effect of the MDEA concentration on the L/G ratio
required to reach the H,S specification was studied. The
MDEA concentration varied from 15 to 55 wt.% MDEA due to
convergence issues during the simulations outside this
concentration range. The temperature of inlet lean amine
solution was set to 30°C during the analysis. The regeneration
section was not included in this study. Fig. 4 shows the effect
of MDEA concentration on the L/G ratio required for Case 1.
As the concentration increases, the L/G ratio decreases since
less amount of solvent is required when more MDEA is
available for reacting with the same amount of hydrogen
sulfide.

Based on the simulation results, one could assume that, if the
trend depicted in Fig. 4 is similar for higher MDEA
concentrations than 55 wt.%, the higher the MDEA
concentration, the lower the L/G required. However, it is
reported in the literature that concentrations of MDEA above
50-55% are not recommended [2]. Higher concentration can
lead to corrosion issues and higher viscosity, leading to higher

pumping cost. However, the effect of viscosity could not be
studied using equilibrium based Aspen Plus model.

e H,S Concentration Effect

Three cases for different gas compositions have been
investigated in terms of Liquid-to-Gas (L/G) ratio and its effect
on the energy requirements, in terms of specific reboiler duty
during the regeneration of the amine solution. A 45 wt.%
MDEA solution was used for HoS removal down to 4 ppm,
according to the operating data of a MDEA process in a plant
in Qatar [22]. Fig. 5 shows the specific reboiler duty, Qs,
required for various L/G ratios in order to reach the gas
purification specifications. It is observed that the L/G ratio
increases as the amount of acid gas increases in the sour gas. In
addition, as the L/G ratio increases, the specific reboiler duty
decreases until a plateau is reached. Convergence issues did not
allow for further analysis to higher L/G ratios than 0.8 for Case
1.
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Fig. 4. Estimated L/G ratios required for obtaining 4 ppm in the sweet gas as
a function of the MDEA concentration in wt.% for Case 1.
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Fig. 5. Specific reboiler duty as a function of L/G ratio for the three cases
studied.

For all three cases, a Liquid-to-Gas ratio is proposed based on
the specific reboiler duty, Qs, the loading of the lean and rich
amine (Fig. 6) and the acid gas removal. Typical acid gas rich
loadings for a 50-55 wt.% MDEA solution is 0.45-0.50
mol/mol while maximum lean loading should be 0.004-0.010
mol/mol, according to DuPart et al. [23] for both H,S and CO»
in terms of corrosion. It is observed that as the L/G ratio
increases, the rich loading for H,S and CO, decreases for all
three cases. This behavior is expected as more MDEA is
available to react with the acid gas, assuming constant amount
of acid gas to be removed. Loadings for Case | exhibit a slight
increase at higher L/G ratios while, for Case 2, at L/G ratios
below 0.92 H,S rich and lean loading present a sharp increase,
indicating H,S stripping from the solvent in the absorber. As
far as the lean loading is concerned, for Case 1, increase in the
L/G ratio leads to a slight increase, in the order of 10*, of the
lean loading. For Case 2 and 3, the same trend is followed for
the lean loading, except for L/G lower than 0.92 for Case 2,
where the loading is increasing. Case 3, where the high H,S
content of 4.5% 1is set, exhibits a gradual increase of the
loadings as the L/G ratio increases while the loading of lean
MDEA for CO:; is significantly lower than in Cases 1 and 2.

Aiming for low energy requirements in the reboiler,
operational areas are decided for all cases to allow for further
analysis. The L/G ratio is chosen slightly after the plateau is
observed in order to avoid unnecessary high liquid flowrates.
The proposed L/G ratios for operation in each case are
presented in Table III. The corresponding specific reboiler
duties are in accordance to reported values in the literature
from Sakwattanapong et al. [24]. He reported specific reboiler
duties from 1 to 6 MJ/kg CO for lean loadings of MDEA from
0 to 0.1 mol/mol.

In addition, Table III presents the reboiler temperature, H,S
and COs loadings for the lean and rich MDEA and acid gases’
recoveries for the operational areas chosen. It is worth
mentioning that, in Case 1, both lean and rich loadings of
MDEA for CO; exceed the maximum recommended values of
0.01 and 0.5 respectively for all L/G ratios examined. The
degradation temperature of MDEA is 130°C thus amine
degradation may occur in Case 3 [25]. Bulk removal of CO,
takes place despite the known selectivity of MDEA for H>S

TABLE I11. EFFECT OF SOUR GAS COMPOSITION ON THE OPTIMUM L/G
RATIO AND SPECIFIC REBOILER DUTY FOR THE REGENERATION OF THE AMINE

SOLUTION

Casel | Case2 Case 3
Optimum L/G ratio (mol/mol) 0.75 1.11 1.69
Specific duty (MJ/kg acid gas) 4.72 3.80 4.96
a H,S,lean [mol H,S/mol MDEA] 0.0005 | 0.0033 0.0086
@ COylean [mol CO,/mol MDEA] | 01277 | 0.0302 | 8.61 E-07
a H,S,rich [mol H,S/mol MDEA] 0.0009 | 0.0074 0.2493
a CO,,rich [mol CO,/mol MDEA] 0.6155 0.4915 0.4280
H,S recovery [%] 92.1 98.8 98.3
CO; recovery [%] 93.4 99.5 99.3
Reboiler temperature (°C) 106 131 140

over CO,. An explanation for this is the fact that the
simulations were equilibrium based and the selectivity is based
on rate of absorption kinetics of these two components.
Another reason for this behavior might be the fact that the
direct reaction of H,S with MDEA, in the absence of water, is
not defined in the Aspen Plus model, as discussed in I.A.

B. Dehydration

ASPEN Plus simulations based on a typical dehydration
unit [4] were performed and further analysis was conducted by
using a concentrated MEG solution at 35°C for the absorption
of water at 100 bar. Different operations in the H>S absorber
will result in different temperature and water content in the wet
gas out of the absorber, thus, requiring different operating
conditions in the dehydration process. The results showed that,
with respect to L/G ratio, concentrations above 99 wt.% MEG
were required in order to reach the water content specifications,
which is higher than the ones usually required for the
regeneration of MEG for hydrate inhibition [3]. The 99 wt.%
MEG purity requirement lead into unfeasible reboiler
temperatures;  temperatures above MEG  degradation
temperature of 165°C [3].

IV. CONCLUSION

The feasibility of the simultaneous removal of hydrogen
sulfide and water vapor at 100 bar has been studied using
Aspen Plus simulation software. Validation of the Aspen Plus
model used in this work revealed the capability of the model to
satisfactorily predict the solubility data of the different binary
sub-systems studied, while failing to predict the vapor-liquid
equilibrium behavior of the combined system. Two
configurations were examined; one for the removal of H,S and
H,O with a mixed solvent of MDEA-MEG-H,O in one
absorber, and another for the removal of H,S and H,O
separately, using an MDEA solution and a MEG solution,
respectively, in two subsequent absorbers. During the
investigation of the first configuration, convergence issues
arose when low amount of water was present in the solvent,
thus, this process configuration was not investigated further.
Analysis using the second configuration showed that the higher
the H,S content of the gas, the higher the L/G ratio required for
meeting the HoS specifications when employing a 45 wt.%
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Process intensification:
Hydrogen sulfide and hydrate control for subsea application
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Abstract

The trend in the oil and gas sector is towards subsea production and processing, where increased
modularity of process equipment and reduced weight, size, complexity and footprint are key elements.
SUBPRO is a Norwegian center for research-based innovation within subsea production and
processing, which together with the most important industrial players in the subsea field aims to address
challenges for subsea applications.

Today on a typical topside platform, acid gas removal, dehydration and glycol injection take place, giving
three different chemical systems. We are working on the development of a new regenerative process
for simultaneous removal of H2S and water from the natural gas, which could lead to a more compact,
smaller installation with lower energy requirements as well as allow for production from high H2S-
concentration gas fields. The feasibility investigation of such complex process requires knowledge of
the thermodynamic behavior and physical properties of the proposed system, which can only be
obtained by experimental data. Time-consuming and demanding experiments at high pressures have
been conducted and provided the basis for the development of models and tools to be used by the
industry for the evaluation of this combined process.



Process intensification:
Hydrogen sulfide and hydrate control for subsea application

Introduction

As the oil and gas industry is forced to extend its exploration activities in longer distances and depths
offshore in order to meet the future energy demands, subsea processing has naturally gained grounds.
The installation, maintenance and retrieval of the subsea equipment play now a significantly more
important role than for onshore/topside facilities, thus reduced weight, size, complexity and footprint as
well as increased modularity are key requirements.

In the emerging battle for increased efficiency in the current use of fossil fuel, the industrial and
academic community have joined forces to tackle the challenges of the new oil and gas subsea era.
One of these joint efforts is realized by Subsea Production and Processing (SUBPRO) center for
research-based innovation established in the Norwegian University of Science and Technology
(NTNU), which together with the most important industrial players in the subsea field aim to address
challenges for subsea applications [1]. SUBPRO is active within field architecture, system control, safety
& reliability, as well as separation research area.

Technological advancements in the field aim to the development of the missing parts for the realization
of the subsea factory (subsea pumps and compressors, oil-water separators) and on finding solutions
to the challenges associated with subsea production and processing. One such example is the
increasingly important field souring. The term denotes the increasing concentration of hydrogen sulfide
(H2S) observed in the course of production of a reservoir. The presence of hydrogen sulfide can
compromise the efficiency and safety of the operations. Although the scientific community has not yet
fully understood the mechanism of this souring, it is established that seawater injection for increased
recovery leads to increasing levels of H2S [2], [3]. Addressing this issue in combination with the already
established hydrate control norms is one of the ways forward. The core challenge for the simultaneous
hydrogen sulfide and hydrate control process is the determination of a chemical compound, which will
serve both as a hydrate inhibitor and as an H2S removal agent.

This paper presents the work performed within SUBPRO and NTNU in the framework of a doctoral
degree. It focuses on the steps followed for the characterization of the proposed multifunctional
chemical and can merely be used as a general guideline for solvent selection when a new process is
developed or an existing one is optimized.

Status today — Concept

The motivation

The presence of hydrogen sulfide in produced gas creates safety hazards for operations, increases
corrosion and sulfide-stress cracking risks, and results in an export gas of lower value. lts toxicity
presents further risks both for humans and animals; exposure to 100 ppm of H2S can be fatal [4].
Furthermore, it has been observed that mitigation strategies, for example addition of nitrate in the
seawater before injection, do not perform as expected and the H2S concentration keeps increasing [5].
Good HSE practices impose the removal of H2S in an as early stage as possible.

Current technologies

Acid gases, carbon dioxide (COz) and H2S, are removed from natural gas ordinarily in absorption towers
utilizing amine-based solvents. The process of acid gas removal is referred to as “gas sweetening”.
Absorption with aqueous amines is a mature technology with the important advantage of being
regenerative, i.e. acid gas absorption into the amine-solution (rich-solvent) is followed by the reversed
process, acid gas desorption from the amine-solution, such that it can be recovered and re-used (lean-
solvent). The acid gases are absorbed through an exothermic chemical reaction with the amine-solvent,
and afterwards by means of temperature swing, the reaction is reversed and gas is released from the
solvent [6]. A reboiler is used to provide the heat required in the desorber. In case selective removal of
the hydrogen sulfide is desired and if H2S is present alone in reasonably small quantities, the normal



procedure today is to remove it using the so-called “scavengers”. Offshore, hydrogen sulfide removal
is most commonly performed with a liquid non-regenerative scavenger, triazine or its blends [7].

Besides acid gases, water vapor is also a natural gas impurity that is necessary to control in order to
ensure trouble-free operations. The reason is the well-known flow assurance issue of hydrate formation
and water condensation during gas processing and transportation. Moreover, water presence enhances
corrosion. Methanol or monoethylene glycol (MEG) are used as hydrate inhibitors being injected in the
transportation pipeline to physically absorb water and suppress the water dew point of the system.
When complete dehydration is sought, triethylene glycol (TEG) is used in a similar process as acid gas
absorption into amines. The glycol can then be regenerated and re-used.

Process Intensification

A solution to the problem of gradual reservoir hydrogen sulfide increase can be the merge/integration
of acid gas removal process into the well-established glycol injection system used for hydrate control.
An H2S removal agent would then be injected together with MEG in the pipeline, which would act as
the absorption tower, increasing the liquid volume dispersed and made available for mass transfer.
Important criterion for the proposed process is to be regenerative. On the one hand, the transportation
and handle of the fresh and then spent chemical is eliminated, but on the other hand, the need for
topside regeneration is emerged due to the high temperatures required in the regeneration stage.
However, newly developed technologies for underwater production and processing, such as “subsea
on a stick” [8], could support the proposed concept. Pumps and other separation systems should be
employed for the collection and re-injection of the chemical in the pipeline.

To meet the criterion of a regenerative solvent, automatically the non-regenerative solvents currently
used, such as triazine, are excluded from the potential candidates and amine solvents dominate. The
proposed chemical in this work is a mixture of methyl-diethanolamine (MDEA), MEG and water. MDEA
is known for selective removal of H2S over COz and has been used for hydrogen sulfide removal from
natural gas [9], [10]. An amine-glycol process was once extensively used for the combined acid gas
removal and dehydration of natural gas. The concept was initially conceived by Hutchinson already in
1839 [11], and improvements were suggested later [12]-[14], leading to lower energy requirements and
excellent purification from HzS and CO2. The process was soon abandoned mainly due to severe amine
vaporization losses and corrosion problems in the stripper caused by the low water content in the
solvent, thus high reboiler temperatures. However, the amine used was monoethanolamine (MEA),
which is known for its high volatility and corrosivity issues [6].

The characterization of the proposed solvent is the backbone in this process intensification attempt,
leading to advancement of the scientific knowledge, thereby, the proposed process aims to reach
Technology Readiness Level 1. Solvent characterization includes all those properties, physical and
chemical, that the solvent should possess for its successful application. The work performed and impact
on the industry are shown Figure 1.
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Figure 1: Schematic of process intensification work in alignment with industrial strategies



Solvent characterization

To evaluate the suitability of a selected solvent for its designated application, here the combined
removal of hydrogen sulfide and water vapor, properties regarding the removal efficiency, trouble-free
operations and the impact to the environment must be assessed. Removal efficiency concerns all those
properties that the solvent must possess in order to meet the gas purification requirements, such as the
solubility of the gas into the solvent, the thermodynamics and the kinetics of the system. All the
characteristics associated to the practical aspects of application, for example corrosion issues,
constitute the trouble-free operations-related properties. Impact to the environment includes emission
control and chemical ecotoxicity. Because one property may influence in more aspects the process, the
above-mentioned categorization is the authors’ attempt to simplify the complicated interactions of the
various properties, and should be treated as such. Each property is explained below accompanied with
the relevant information for the proposed solvent in our case, while also underlying the challenges
faced.

Removal efficiency

Cyclic capacity

Necessary for the development of the thermodynamic models employed during the design and
operation of the absorption and regeneration units, are vapor-liquid equilibrium (VLE) data over
pressure and temperature range relevant for the process. In the figure below the measured vapor-liquid
equilibrium curve at 50°C for a 50.1 wt.% MDEA-H20 solution is shown.
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Figure 2: Vapor-liquid equilibrium data showing H2S partial pressure as a function of H2S loading in a 50.1 wt.%
aqueous MDEA at 50°C

The amount of gas absorbed in a solvent is called capacity of the solvent. The capacity is usually
expressed in terms of “loading”, a, in mol H2S/mol amine or kg H2S/kg solvent. The capacity of a solvent
provides information of how much gas can be removed, or reversely how much solvent must be used
to remove the desired gas amount.

Besides the useful information that the capacity of a solvent might provide, it is the difference between
the loading of the lean-solvent and the rich-solvent that shows the real amount of gas that can be
removed in a real process. This difference is called cyclic capacity and it is essential since after
regeneration the solvent cannot be stripped entirely from the acid gas captured. Therefore, it is the
cyclic capacity that should be assessed during the screening of different potential solvents for an
application. The higher the cyclic capacity, the more H2S can be absorbed for a given solvent flowrate.
In our case, it is of interest to study the influence of MEG presence in the H2S-removal capacity of the
solvent, since the successful application of aqueous MDEA for H2S removal from natural gas is already
proven. Cyclic capacity results are shown in Table A.



Table A: Cyclic capacity of aqueous amine solutions with and without glycol calculated at absorption temperature
of 10°C and desorption temperature of 120°C. Loading values in mol H2S/mol MDEA are in parenthesis.

System (wt.) Phz2s, absorption (KP@)  Phzs, desorption(KPa)  Ocyciic
30% MDEA - 70% H20 5.3 (0.518) 20.0 (0.105) 0.413*
30% MDEA - 70% Hz0 5.3 (0.518) 98.2(0.250)  0.268*
30% MDEA - 40% MEG - H20 5.3 (0.509) 98.2 (0.163) 0.346

*No experimental data are available in the literature at 10°C for 30 wt.% agq. MDEA. The tabulated values are
predicted with an in-house model developed for H2S-MDEA-H20 systems.

It is important to state as realistic conditions as possible for calculating the cyclic capacity because its
estimation is highly sensitive to the pressure and temperature selected [15]. However, it should be noted
that increased cyclic capacity does not automatically make the solvent better, since the pumping costs
are very small part of the overall costs of acid gas removal and the column sizes are more dependent
on the gas flow rates than the solvent flow rates [16].

The pressures used in this cyclic capacity calculation are constrained by the experimental partial
pressures of H2S; this is the reason why a high value, 98.2 kPa, is chosen. The results show that the
cyclic capacity increased from 0.268 to 0.346 with the addition of glycol at the given composition and
conditions compared to its aqueous counterpart. Although the results are optimistic, it is important to
take into account that there are no experimental data at 10°C for any MDEA concentration; therefore,
the model is not validated for this temperature. The only data available in the literature for Hz2S
absorption close to 30 wt.% ag. MDEA are those from Li and Shen (30.35 wt.% MDEA solution) [17]
which can be compared with our data obtained at the same temperature, 80°C. At 80°C and partial
pressure of 91 kPa, the loading is 0.473, while in our solvent with MEG at slightly higher partial pressure
of 95.5 kPa, the loading is 0.444 showing small deterioration. Although the experimental data from Li
and Shen are regarded as inconsistent [18], this trend is in agreement with the findings for CO2 removal
from Wanderley et al. [19]. They report lower absorption of CO2 with the addition of glycol, though the
variation is more significant than in our work. This however can be explained since H2S can react directly
with the amine, while CO2 requires the presence of water in case of MDEA. Xu et al. [20] also
investigated acid gas removal with a blend of MDEA-MEG(-H20) and our measurements follow the
trends depicted in their work.

Vapor-liquid equilibrium experiments with the very toxic hydrogen sulfide, especially at high pressures
related to natural gas processing and subsea application, are very challenging and time-consuming. In
our work, the composition of the vapor and the liquid phase were measured by gas chromatography
(GC). Obtaining 3 experimental VLE points in one week has been typical. This is an enormous increase
in the required time compared to low pressure applications with CO2, where we can typically produce
up to 5 VLE points per day. This time-consuming and costly experimental work is made even more
challenging in case of chemical system acting both as an H2S and water removal agent. The dual
function of the solvent increases the amount of data needed to be generated (different amounts of Hz2S,
in different MDEA-MEG-H20 blends). Thus, careful planning of experimental work is required.

Moreover, it is not only the solubility of acid gas into the solvent that is important, but also the solubility
of hydrocarbons. Hydrocarbon solubility into the amine solution must be considered to ensure mainly
the minimization of methane loss into the solvent, and other impact that dissolved hydrocarbons can
induce. MDEA is sparingly miscible with hydrocarbons [6].

Heat of reaction

Gas sweetening is an energy intensive process due to the regeneration stage, whose optimization
requires among other the knowledge of the heat of reaction. The heat of reaction or heat of absorption
provides information regarding the amount of heat per mole absorbed, which must be offered in the
stripper in order to reverse the reaction and regenerate the solvent. For CO2 capture from flue gases,
the energy requirements for the solvent regeneration only, constitute more than 80% of the total
operational expenditure (OPEX) [16]. High heat of reaction is desired in order to have high temperature
sensitivity and achieve high rich loadings. At the same time, it is important that the heat of reaction is
low in order to reduce the energy required to reverse the reaction and strip the solvent from the
absorbed gas.



Heat of reaction data for H2S reaction with aqueous MDEA is available in the literature [21], [22] and a
simple correlation dependent on amine concentration and temperature has been drawn. The low heat
of reaction of MDEA, and therefore low energy requirements, is one of the main advantages of the
MDEA process. Heat of reaction data for the combined 30% MDEA-65% MEG-5% H20 in weight base
system is reported and compared to aqueous MDEA by Xu et al. [20]. Heat of reaction in the blend with
MEG is lower than in MDEA-H20 solvent, which can be explained by the fact that the degree of solvation
in an organic solvent is lower than in water. Moreover, internal data for other tertiary amines with MEG
show slightly lower heat of reactions, but within the experimental uncertainty of the measurement.

Mass transfer

VLE and kinetics go hand-by-hand in the evaluation of the removal efficiency of a solvent. Kinetics,
reaction rates and mass transfer coefficients, will also define the practical aspects of the solvent
application, meaning the length of the pipeline required for the removal of hydrogen sulfide and hydrate
control, the location of the separation system for the solvent from the natural gas stream etc.

One aims for high reaction rates between the impurity to be removed and the solvent, in our case high
H2S reaction rate with MDEA-MEG-H20. In addition, in the case where the selective removal of H2S is
desired over COg, the solvent should have low CO: reaction rate, a property of tertiary amines like
MDEA. The reaction rate of H2S with aqueous MDEA is high, while research conducted on the effect of
replacing water with MEG in blends with MDEA indicated that the selectivity of H2S over COz2 is improved
[20]. Mass transfer properties seem to remain unaffected using a MDEA-MEG-H20 blend compared to
its aqueous amine as far as CO2 removal is concerned [19]. In his dissertation, Eimer [23] investigated
the effect of water and MDEA concentration in a blend with TEG, on the reaction rate of H2S with the
amine. He found that increasing the glycol content at either constant water or amine concentration, the
rate of reaction decreases. However, we should bear in mind that the high viscosity of TEG is expected
to affect the mass transfer at a higher degree than MEG.

Trouble-free operations

Viscosity

The physical properties of a solvent, such as density, viscosity and surface tension, all influence its
removal efficiency through their indirect effect on the diffusivity, and thus the mass transfer of the
system. From those, viscosity, denoted by n, is the most important physical property to consider
because high viscosity signifies low diffusivity and mass transfer [24] as well as high heat duties and
equipment costs due to the severely affected heat exchanger’s operation.

Amine concentration of 50 wt.% MDEA is considered the benchmark for selective H2S removal from
natural gas, exhibiting viscosity of ca. 5.2 mPa-s at 40°C [25]-[27]. In this work we measured the density
and viscosity of the binary MDEA-MEG and ternary system MDEA-MEG-H:0 at various concentrations,
various temperatures as low as 10°C to simulate subsea conditions and at ambient pressure. Viscosity
data for the non-aqueous solvent is shown in Figure 3.
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Figure 3: Viscosities of MDEA-MEG blends as a function of temperature and amine concentration (mol basis)



We observe that the viscosity increases in its blend with MEG, as expected due to the higher viscosity
of MEG than the one of water. At 40°C, 50 wt.% MDEA-MEG exhibits high viscosity of 21.9 mPa's,
more than four times higher than its aqueous solution. However, the viscosity is expected to be lowered
at the high pressures of the proposed process, as reported by Sobrino et al. [28]; the viscosity of 30
wt.% ag. MDEA drops from 3.1 mPa-s [26], [27] to 2.1 mPa-s at 100 bar. In addition, the viscosity of
the solvent is expected to decrease with H2S loading [29].

The reason why viscosity is included under the properties related to trouble-free operations, although it
significantly influences the removal efficiency of a solvent, is the fact that it can be a showstopper if
pumps and other processing equipment cannot handle its viscosity. Luckily, viscous fluids, like the
proposed, are not considered problematic for subsea application. Dehydration units using TEG have
been operated at or near 0°C successfully without encountering viscosity-related issues [30]. TEG
viscosity is comparable to the viscosity of, for example, 50 wt.% MDEA-MEG, with 19.5 mPa-s for TEG
and 21.9 mPa-s for the blend at 40°C [31]. Experimental data at subsea conditions and at hydrogen
sulfide loadings relevant to the process are required to get a better understanding of the viscosity
encountered in such system, though.

Modelling work

Common simulation tools used in the industry, for example Aspen Plus, provide correlations and models
for density and viscosity prediction. The complexity of the models required to accurately predict these
physical properties increases when more components are added and when applicability concerns wide
pressure and temperature ranges. The precision requirements depend on the importance of the effect
that the studied property has on the process.

In this work, we compared the Aspen Plus liquid viscosity model and the NRTL-DVIS model [32],
developed in our group. The latter was found superior to the Aspen Plus model for the given MDEA-
MEG(-H20) blend and temperature range, especially due to the low temperature of 10°C, relevant for
subsea. We fitted our data to the two models and observed an average absolute relative deviation
(AARD) of 4.25% for the Aspen model and of 2.86% for the NRTL-DVIS.

Volatility

Solvents with low viscosity, which enhance the mass transfer as explained earlier, usually have high
volatility. High volatility means that the chemical has a high tendency to vaporize, thus easily escape in
the vapor phase, and eventually lead to carry-over in the purified gas stream and chemical loss.
Knowing the vapor pressure of the chemical can help to identify chemical losses during the design and
development of a process.

Low volatility is one of the main advantages for MDEA allowing for as high as 60 wt.% aqueous MDEA
concentration without significant amine losses in gas sweetening [6]. MEG volatility is also very low,
making its blend with MDEA practically non-volatile.

Precipitation

For subsea applications, precipitation risks must be eliminated to ensure safe and trouble-free
operations. No precipitation issues have been reported in the absorption of hydrogen sulfide/water in
either MDEA or MEG, to our best knowledge.

Generally, precipitation issues render a solvent unsuitable for typical absorption / desorption systems.
For example, a main disadvantage in using the otherwise promising aqueous piperazine (PZ) for CO2
removal, is its risk of precipitation in both low and high loadings [33]. However, novel precipitation-based
concepts for CO2 removal are proposed in the literature [34] for onshore gas sweetening and are
claimed to overcome the main bottleneck of solvent regeneration, i.e. the high energy requirement.

Foaming

Foaming is a critical issue in traditional gas sweetening operations, and research is conducted to define
the sources and their contribution to the phenomenon [35]. Although not studied yet, foaming problems
in the proposed process with a co-current absorber/pipeline and utilizing an amine-glycol solvent are
not expected.



Chemical stability and degradation

Chemical stability and degradation are important aspects in solvent selection, since easily degraded
chemicals have a direct impact on the cost of the process, mainly through the chemical replacement
cost. Degradation can be the result of chemical exposure to oxygen (oxidative degradation) or at high
temperatures (thermal degradation). Especially in the case of offshore/subsea application, fresh
chemicals’ transportation and storage requirements should be minimized due to the limited accessibility
and space/weight constraints.

MDEA is quite resistant to oxidation at absorber’s conditions, however, if oxidized, MDEA forms
diethanolamine. Diethanolamine is a secondary amine whose reaction with nitrite leads to carcinogenic
products [36]. Thermal degradation in our case should be studied at the desorber’s operation
temperature. For the proposed combined solvent of MDEA-MEG, it is the degradation temperature of
MDEA which will dictate the maximum temperature in the stripper because it is lower, 130°C [37], than
the one of MEG, 165°C [38]. Shoukat et al. [39], [40] studied thermal stability and corrosion in aqueous
COz2-loaded tertiary amines and its blends with MEG or TEG. As far as MDEA is concerned, its blend
with MEG showed lower chemical stability than its aqueous solutions or its mixtures with TEG.
Promising tertiary amines which demonstrated higher chemical stability in their blends with MEG are 2-
(Diethylamino)ethanol (DEEA) and 3-(Diethylamino)-1,2-propanediol (DEA-1,2-PD).

The ideal solvent, in terms of chemical stability and degradation, is one that is prone to neither thermal
nor oxidative degradation, while at the same time is non-toxic to the environment and biodegradable.
However, it is seen that oxidatively stable solvents are not biodegradable, like MDEA. Degradation is
linked with corrosion, since dissolved metals appear to act as oxidizing agents, making a solvent more
prone to oxidative degradation in the presence of corrosion [36].

Corrosion

Corrosion is a much more important issue when considering solvent selection than chemical stability.
Although the latter is a continuous additional cost, it is far less significant than the cost of equipment
replacement and production shutdown in the case of corrosion-induced material failure.

According to Namazi et al. [10] who published corrosion results of a gas sweetening plant in Iran using
45 wt.% aqueous MDEA, the amine itself is not corrosive and corrosion was not detected in the absorber
after 8 years of operation. Corrosion was detected in the desorber (or stripper) and the reboiler, which
is expected due to the high temperatures used. More precisely, Pal and Banat's work [41] indicate that
at 120°C and in the presence of both H2S and COz, iron solubility is much higher in lean solution than
fresh solution, with 225 ppm opposed to 5 ppm in the fresh one. Furthermore, research conducted on
tertiary amine-induced corrosivity shows that, in the presence of COz2, the combination of MDEA with
MEG is more corrosive than the aqueous amine or its blend with TEG [39]. The study, found that other
tertiary amines, such as 2-(Diethylamino)ethanol (DEEA) and 3-(Diethylamino)-1,2-propanediol (DEA-
1,2-PD), yield better results.

The acid gases in water cause corrosion in equipment and pipelines, and various corrosion inhibitors
can be used during natural gas transportation. The injection of MDEA and MEG to simultaneously
control the corrosion and the hydrate formation has been used in the industry, an example being in the
South Pars field in the Persian Gulf [42]. MDEA serves as a pH stabilizer, and research on the desired
pH and the effect on the glycol performance is on-going [42]-[45].

Environment

Biodegradation and Ecotoxicity

In today’s constantly increasing interest of industrial waste to the environment, the knowledge of the
biodegradation and ecotoxicity of a chemical is necessary. Especially in those occasions where there
is a risk for a slip into the environment, such as the chemical transfer subsea in long distances and
deep waters, environmental effect can play a decisive role in solvent selection. Regulatory standards
apply with regards to prevention and elimination of pollution from, among other, the offshore oil and gas
industry, for example in the North-East Atlantic, according to the OSPAR convention [46].



Biodegradation and ecotoxicity data for different amines in the marine environment, including MDEA, is
presented by Eide-Haugmo et al. [47]. They reveal that MDEA is far less biodegradable than the
minimum recommended 20% biodegradability. They also show that tertiary amines have low
ecotoxicity, with MDEA demonstrating an EC-50 equal to 141 mg/l. EC-50 is a concentration indicator,
whose minimum recommended value for ecotoxicity is 10. Safety Data Sheets provided from MDEA
suppliers support these findings. MEG suppliers characterize the chemical as non-biodegradable and
non-ecotoxic. To put this in perspective, EC-50 measured in water fleas for MDEA is reported 233 mg/I
(48h), while for MEG 74 000 mg/l (24h) [48], [49]. To our best knowledge, biodegradability and
ecotoxicity tests for the combined MDEA-MEG solvent are not reported.

Emissions and aerosols

In traditional absorption towers, aerosol formation and emissions are the main environmental challenge.
Various impurities in the gas as well as degraded amine form small droplets, aerosols, whose emission
present health and environmental risks, while also lead to severe amine carry-over and amine loss [50].
However, the proposed intensified process utilizes the pipeline as the gas-liquid contactor, where
aerosol emissions is not an issue, but solvent carry-over and its effect on the consecutive gas
processing stages should be investigated.

Deploying a multifunctional chemical for the selective removal of hydrogen sulfide and water vapor
means that a stream rich in H2S will be discharged from the top of the stripper. This stream will need to
be processed since flaring it is not an option under regulations for sulfur emissions. Depending on the
amount of the hydrogen sulfide removed, liquid scavengers, redox solutions or even Claus units would
be used topside to process and refrain the hydrogen sulfide from the atmosphere [51]. In North America,
H2S treatment units using the liquid scavenger triazine have been integrated to existing amine facilities
to assist to conform to gas specifications and stringent sulfur emission regulations [52]. Aromatic
hydrocarbons (benzene, toluene, e-benzene and o-xylene, BTEX), which are hazardous air pollutants
and very soluble to glycols [49], will probably also constitute the acid gas stream. Their presence and
impact on the sulfur treating units should be also evaluated.
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Figure 4: Simplified categorization of solvent characterization properties



Solvent development

Each of the aforementioned properties play their role for the successful solvent selection. Traditionally,
solvent development starts with the investigation of the properties related to removal efficiency. A first
screening of potential chemicals is performed, often followed by vapor-liquid equilibria, cyclic capacity,
mass transfer and kinetics investigation. The chemicals that are successful are thereafter studied in
terms of corrosion, followed by degradation/biodegradation and ecotoxicity studies. However, issues
related to safety, construction materials and of course the environment, can be absolute showstoppers
even if the removal capacity of the chemical is excellent. Thus, fully characterizing a promising solvent
in terms of its capture efficiency would be a waste of resources, time and funding, if found out later that
it heavily degrades thermally at temperature levels commonly used during regeneration. Degradation
and ecotoxicity, not only are they highly prioritized in the decision-making of solvent application, but
they are also easier, faster and cheaper to test than vapor-liquid equilibrium experiments.

A more practical approach is to focus from the start to those properties that pose insurmountable
obstacles on a chemical’'s use. Initially, a fast screening regarding removal efficiency should be
performed, with corrosion, chemical stability and ecotoxicity studies performed before the full
thermodynamic, kinetic and physical properties investigations. Moreover, regulations concerning gas
and liquid emissions differ depending on location, thus it is of paramount importance that knowledge of
those regulations will be in place on the first stages of the process development. In an attempt to
distinguish those properties that are absolute showstoppers under specific operational conditions, an
importance level from 1 to 3 has been assigned to them, 1 denoting highest significance and 3 lowest.
Table B lists all the properties in the order of appearance in the text and indicates their significance in
the specific case of the combined H2S removal and hydrate control for subsea application, based on
the successive discussion.

Table B: Property significance for solvent selection intended for the combined removal of H2S and hydrate control
for subsea

Cyclic Capacity Simultaneous H2S and hydrate control 2

Heat of reaction Related to regeneration energy requirement 3

Mass transfer Contact time can be adjusted by choosing 3
solvent injection and collection points.

Viscosity Important in the injection and distribution in 2
the gas stream

Volatility Influences OPEX, no emissions to air 3

Precipitation Revenue loss due to intervention urgency 1

Foaming 2

Corrosion High cost due to damaged equipment 1

Chemical stability / Costly storage and transportation of fresh 1

degradation solvent offshore

Biodegradation/ Regulations for use offshore 1

ecotoxicity

Emissions Regulations about BTEX, SOx for the topside 3

processed stream from the stripper

Absolute showstoppers for the investigated process are the properties related to trouble-free operations
and the environment, namely precipitation, corrosion, chemical stability, biodegradation and ecotoxicity.
A blend of MDEA-MEG is rather stable without precipitation or corrosivity issues. Both MDEA and MEG
exhibit low ecotoxicity but they are not biodegradable. However, these components are already
individually in use for subsea natural gas processing, MDEA as anti-corrosion agent [42] and MEG as
a hydrate inhibitor. As discussed earlier, chemical stability of the proposed blend is inferior to other
amine-glycol blends that have potential as simultaneous H2S and H20 removal agents. This is an
important disadvantage whose extend requires further investigation and could lead to the replacement
of the chosen amine.

The removal capacity of both hydrogen sulfide and water vapor from natural gas down to the
transportation specifications is certainly the most essential requirement for the developed solvent. The
absorption capacity of the proposed solvent with MEG is reduced compared to the aqueous amine that



is commonly used for H2S removal. This is expected due to the lower diffusivity of H2S in MEG than
H20, but it is acceptable since now the solvent serves two purposes and this comes at the price of
reduced H2S removal capacity. Because the concentration affects the absorption capacity, the
composition of the solvent must be carefully chosen. The concentration of water in the solvent will
dramatically affect the viscosity which if lowered, will facilitate the use in pumps, injection and collection
systems. Foaming is not expected to be a problem in this co-current contactor scheme.

Viscosity also affects indirectly the mass transfer properties. In this case, they play a less significant
role because the limitation of the absorption column size is not an actual problem for subsea, where the
pipeline serves as the contactor. Long pipeline allows for higher contact time and reaction of the
hydrogen sulfide with the solvent. It is important, however, to mention that under high contact time, the
advantage of H2S selectivity over CO2 will be lost if water is present in the solvent. This is because CO2
will also react with the MDEA, though in a lower rate. The regeneration scheme must be investigated
in order to draw conclusions regarding the content of the water in the solvent and the energy
requirements. Overall, the blend has low heat of reaction and it is believed that some water should be
present to provide some steam in the reboiler. From the top of the stripper, an H2S-rich stream will be
produced which will have to be further processed with similar technologies as used today for produced
acid gases offshore and the emissions should be controlled according to the relevant regulations. Last
but not least, the proposed solvent is not volatile and no chemical losses are expected due to volatility
with the proposed configuration.

Conclusion

A solvent development practice has been suggested focusing on the practical aspects of the solvent
application from an early stage, such as corrosion and degradation. The solvent selection steps have
been discussed in the framework of process development for the simultaneous removal of hydrogen
sulfide and hydrate control of natural gas subsea. The paper concerns the technical performance of a
solvent, which accompanied by an economic analysis, determines the final decision for the selected
solvent.

Managing hydrogen sulfide removal and hydrate control with one chemical would lead to process
intensification and could ensure higher energy efficiency and better utilization of resources. The
feasibility of the process relies on the existence of a solvent with the dual function for H2S and H20
removal. The proposed solvent is a blend of aqueous or non-aqueous methyldiethanolamine (MDEA)
and monoethylene glycol (MEG), which although demonstrates satisfactory properties in terms of
removal efficiency, trouble-free operations and environmental considerations, requires further
investigation. The investigation should mainly focus on the regeneration scheme of such multifunctional
solvent as well as the gas-liquid contact and droplet distribution in the pipeline.
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