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Abstract: This work presents an integrated hydrogen production system using reverse electrodialysis
(RED) and waste heat, termed Heat to H2. The driving potential in RED is a concentration
difference over alternating anion and cation exchange membranes, where the electrode potential
can be used directly for water splitting at the RED electrodes. Low-grade waste heat is used
to restore the concentration difference in RED. In this study we investigate two approaches:
one water removal process by evaporation and one salt removal process. Salt is precipitated in
the thermally driven salt removal, thus introducing the need for a substantial change in solubility
with temperature, which KNO3 fulfils. Experimental data of ion conductivity of K+ and NO−3
in ion-exchange membranes is obtained. The ion conductivity of KNO3 in the membranes was
compared to NaCl and found to be equal in cation exchange membranes, but significantly lower
in anion exchange membranes. The membrane resistance constitutes 98% of the total ohmic
resistance using concentrations relevant for the precipitation process, while for the evaporation
process, the membrane resistance constitutes over 70% of the total ohmic resistance at 40 ◦C.
The modelled hydrogen production per cross-section area from RED using concentrations relevant for
the precipitation process is 0.014 ± 0.009 m3 h−1 (1.1 ± 0.7 g h−1) at 40 ◦C, while with concentrations
relevant for evaporation, the hydrogen production per cross-section area was 0.034 ± 0.016 m3 h−1

(2.6 ± 1.3 g h−1). The modelled energy needed per cubic meter of hydrogen produced is 55± 22 kWh
(700 ± 300 kWh kg−1) for the evaporation process and 8.22 ± 0.05 kWh (104.8 ± 0.6 kWh kg−1) for
the precipitation process. Using RED together with the precipitation process has similar energy
consumption per volume hydrogen produced compared to proton exchange membrane water
electrolysis and alkaline water electrolysis, where the energy input to the Heat to H2-process comes
from low-grade waste heat.

Keywords: hydrogen production; reverse electrodialysis; waste heat

1. Introduction

Renewable energy sources, like wind, solar, and wave energy, are often intermittent and
not available when and where they are needed. The mismatch between energy production
and consumption can be solved by introducing energy storage. One promising energy storage
technology is hydrogen production through water electrolysis. Due to low-grade waste heat being
readily available (20 TWh in Norway alone [1–3]), and the high power density from reversed
electrodialysis [4], this article suggests a concept of using waste heat to produce hydrogen through
reverse electrodialysis (RED).
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In reverse electrodialysis energy is converted from potential energy stored in two solutions with
different concentrations to electrical energy. The ions migrate from the concentrated to the dilute
solution, and due to the alternating AEM and CEM, the anions and cations migrate in opposite
directions inside the RED stack resulting in a net ionic current [5,6]. The concentration difference
between the outlet solutions is lower than the concentration difference of the inlet solutions.

The first research on RED was conducted in the 1950s, where all the first experiments were done
with NaCl concentrations similar to sea and river water [5–8]. The use of naturally occurring salt
solutions is affordable but introduces bio-fouling of the membranes, or the use of energy-intensive
pre-treatments of the solutions. Recirculating the salt solutions enable for a greater variety of salts,
and by not using naturally occurring solutions (like sea and river), the bio-fouling of membranes can
be avoided.

Closed-loop RED systems, using heat to separate the outlet solutions to the initial concentrations,
have already been suggested in the literature. Tamburini et al. [9] suggested multiple separation
techniques both for water and salt extraction. For water extraction they suggested separation by
evaporation with multi-effect distillation and membrane distillation, using an azeotropic mixture to
lower the evaporation temperature and forward osmosis [9]. Among the salt extraction techniques,
Tamburini et al. [9] suggested a thermolytic salt (ammonium bicarbonate—AmB), where the salt
is evaporated. The technique of evaporating the salt is also presented by other authors [10–12],
where Raka et al. [10] found the energy needed per kg hydrogen produced to be 105–480 kWh.
Membrane distillation as a separation technique with RED is also mentioned by Long et al.,
using sodium chloride [13].

Hydrogen production from RED has also been presented earlier. Nam et al. [14], Luo et al. [15]
and Hatzel et al. [16] examined hydrogen production using AmB. Nam et al. produced hydrogen
from microbial reverse electrodialysis cells (MRECs) and AmB [14]. Luo et al. optimised the cell
stack further for MRECs and AmB [15]. Hatzel et al. examined hydrogen production using different
operational currents, and compared it to the hydrogen production using the energy from RED together
with an external water electrolysis cell [16]. In the area of salt removal for solutions, the most used salt
is AmB.

Scope of This Paper

This paper describes two concepts for regenerating the concentrations used in RED by a thermal
separation unit. A general system schematic is shown in Figure 1. The first concept is to precipitate
salt from the dilute solution from RED, and the second concept is to evaporate water from the
outlet concentrated solution. For the first concept, a salt with a pronounced saturation concentration
temperature dependency (SCTD) is needed. The most common salt to use in RED, NaCl, does not
have a sufficient SCTD, and thus the relevant concentrations will not give a sufficient voltage over the
membrane using the precipitation system. A better alternative is KNO3 with a more significant change
in solubility with temperature than NaCl, allowing for a larger concentration difference and a higher
voltage over the membrane.

Most research on RED and ion exchange membranes (IEM) is reported for low NaCl concentrations
or for AmB when waste heat is used for separation. As discussed in the next section, one of the larger
contributors to the ohmic losses in RED is the ohmic resistance in the membranes. As a proof of concept
for using KNO3 as salt in RED, conductivity measurements of AEM and CEM soaked in KNO3 at
23 ◦C and 40 ◦C were performed for concentrations close to saturation point, and compared with NaCl
at the same concentrations and temperatures.

The current work is an extension and realization of preliminary concepts presented by the authors
earlier [17]. The new and refined measurements of membrane conductivity presented in the following,
combined with a more extensive theoretical framework enables lower uncertainties than what was
presented before. Furthermore, an energy evaluation of the two processes allows for a broader
comparison with other technologies, which was lacking in [17].
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Figure 1. Reversing the spent concentrations from RED using a thermal separation unit.

2. Concepts

This work presents a concept of a RED stack that recirculates the salt solutions in a closed loop.
This requires the spent solutions to be recovered to their initial concentrations. The concepts presented
here, rely on the use of low-temperature waste heat by employing phase change separation techniques,
making low-grade heat the only consumable in the closed loop RED system. Due to different achievable
concentration differences with the two techniques, the driving potential will differ, and thereby the
peak power current and hydrogen production.

2.1. Salt Extraction by Precipitation

Thermal energy is removed from the dilute solution by precipitating salt from the solution.
The salt slurry is transported from the dilute and added to the concentrated outlet solution where it
dissolves, as illustrated in Figure 2. The transportation is envisioned to take place in an Archimedes
pump or screw pump-based transport unit where a slurry of the precipitate is continuously in motion
to avoid accumulation and solid precipitation of salt.
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Figure 2. Illustration of the thermal separation unit (in Figure 1) using precipitation. Thermal energy is
removed from the spent dilute solution (QC), to precipitate salt. Thermal energy (QH) is added to the
spent concentrated solution after the salt slurry is added.

The amount of precipitated salt is dependent on the concentration of outlet dilute solution
and solubility limit at the temperature the separation process is operated at. The concentration of
the dilute inlet solution is therefore limited by the solubility of salt at the temperature used in the
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precipitation process. To minimise energy consumption while cooling, natural cooling systems can be
used, e.g., seawater, at a temperature around 10 ◦C.

The main contributor to the energy input needed for the precipitation concept is the heating of
the salt slurry from the cooling (10 ◦C) to the operating temperature in the RED stack (40 ◦C), and the
energy needed for dissolving the precipitated salt. To save energy, heat from the spent dilute solution,
can be exchanged with the refreshed dilute solution, as shown by the heat flux, Q, in Figure 2.

2.2. Water Extraction by Evaporation

A sketch of a principle separation system using evaporation is shown in Figure 3. The spent
concentrate solution is decompressed until the water evaporates with limited need for external thermal
energy (Q). External low-grade heat, QH, is added to the vapor to keep the gas form condensing
before the gas is compressed. The gas transfers thermal energy to the spent concentrate solution to
maintain the temperature, represented by Q in Figure 3. The evaporation will continue until the initial
concentration in the solution is recovered, where the evaporated water is added to the outlet dilute
solution from the cell. Pumps are needed in to depressurize the container.
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Q
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Figure 3. Illustration of the thermal separation unit (in Figure 1) using evaporation. The spent
concentrated solution from RED, is decompressed to a lower evaporation temperature, before heat (Q)
is added and water evaporated from the spent dilute solution. The vaporised water is heated (QH) and
compressed, before thermal energy is exchanged with the spent concentrated, and the vaporised water
is condensed back to a liquid and added to the spent dilute solutions.

This separation technique needs more substantial quantities of thermal energy than the
precipitation, where the main energy consumption in this separation process is the evaporation
of the water. The heat exchange is also a disadvantage for the energy calculation.

2.3. Temperature and Concentration Limitaitons

The limitation on the temperature stems from the membrane since commercial membranes can
typically withstand maximum 40 ◦C [18,19], some up to 80 ◦C. The membranes used in the experiments
reported here can only operate up to 40 ◦C; therefore, 40 ◦C is set as the operating temperature for the
RED cell.

The concentration of the concentrated inlet solution in RED is limited by the solubility of the
salt at the RED operating temperature (40 ◦C), but due to more documented data in the literature
at room temperature, all measurements and modeling are also carried out at 23 ◦C for reference.
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The concentration for the dilute solution in RED, when using precipitation as the separation technique,
is set by the solubility of the salt at the temperature used in the separation (10 ◦C). The solubility of
KNO3 and NaCl is found from CRC Handbook [20] (unit: wt% per mass solution) and calculated to
molality (formula in [20]). The data is plotted in Figure 4.
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Figure 4. Solubility dependency on temperature for NaCl and KNO3 [20].

The solubility for KNO3 is 2.11, 3.16 and 6.22 mol kg−1 at 10 ◦C, 25 ◦C and 40 ◦C respectively,
and 6.11, 6.15 and 6.22 mol kg−1 at 10 ◦C, 25 ◦C and 40 ◦C respectively for NaCl. The relevant dilute
concentration for the evaporation process is not limited by solubility, but optimised for maximum
hydrogen production with modeling.

For the precipitation process using the most common salt for RED, NaCl, the dilute concentration
should be 6.1 mol kg−1 and the concentrated concentration should be 6.2 mol kg−1, while using
KNO3, the dilute concentration should be 2.1 mol kg−1 and the concentrated solution should be
6.2 mol kg−1 [20]. This corresponds to a driving potential that is over 60 times higher for KNO3 than
that for NaCl (activity coefficient and permselectivity assumed equal to unity). However; the cost of
KNO3 is almost twice that of NaCl [21], so other more affordable salts can be considered for future
work. KNO3 was chosen as a proof of concept due to its significant change in saturation concentration
with temperature and low cost. Other salts (such as CaCl2, NaOH and NaNO3) may also be relevant
alternatives, granted they possess a high saturation concentration temperature dependency, reasonable
cost and an improved permselectivity.

The concentration difference between the dilute and concentrated inlet solution can be larger in
the evaporation system compared to the precipitation system, since there is no restriction on the dilute
solution, improving the driving potential.

3. Theory

An illustration of a RED stack is given in Figure 5. Ions migrate both ways through the membranes,
but more ions are available for migration from the concentrated solution to the dilute solution than
vice versa, inducing a net ionic current of anions towards the anode and net current of cations towards
the cathode.
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Figure 5. Illustration of a RED-cell. Hydrogen is produced at the cathode and oxygen at the anode.

By stacking the membranes, as shown in Figure 5, the voltage can be increased enough to enable
water splitting (in the aqueous rinse solution) [22,23]. The water splitting reactions (also given in the
figure) are:

Anode: 4OH− → 2H2O + O2 + 4e− (1)

Cathode: 4H2O + 4e− → 2H2 + 4OH− (2)

3.1. Driving Voltage

The open-circuit voltage (OCV) or the Donnan voltage, EOCV, over a RED unit cell is given by the
Nernst equation:

EOCV = 2α
RT
zF

ln
(

bcγc

bdγd

)
(3)

where α is the mean permselectivity of the AEM and CEM in the unit cell, R is the ideal gas constant,
T is the temperature in Kelvin, z is the valence number of the ions transported, F is Faraday’s constant,
and bc/bd and γc/γd are the concentration and activity coefficients of the concentrated/dilute solution,
respectively [24].

The ratio of the activity coefficients are often assumed unity. However, due to concentrations close
to the salt saturation point, the Stokes–Robinson equation is used for the calculation of the solution
activity coefficient [25,26]:

γ± = exp

(
Az2
±
√

I

1 + BaKNO3

√
I
− h

ν
ln(aw)− ln(|1 + (Mw(ν− h)b|)

)
(4)

where I is the ionic strength (reference: 1 mole salt per kg solvent). z2
± is the mean of the valence of the

cation and anion (1 for KNO3), Mw is the molar mass of water (0.018 kg mol−1), ν is the number of
ions per molecule (2 for KNO3) and aKNO3 is the distance of the closest approach, which is dependent
on the kinetic energy of the ions, thereby also the concentration and temperature of the solution.
For simplicity, aKNO3 is set constant with temperature and concentration, and found from curve fitting
of data from Dash et al. and Marcos-Arroyo et al. [27,28] to Equation (4), and found to be 1.1 Å.
The hydration number, h, is found to have a dependence on temperature and concentration [29].
Afanasiev et al. [30] suggest an exponential dependence on concentration and negligible dependence
on temperature, while Onori [31] gives a linear dependence on concentration and states that the
hydration number is dependent on temperature. For simplicity, h for KNO3 is set constant with
temperature and concentration and taken to be the mean value from Lu et al. [32]: 5.
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In Equation (4), A and B are temperature dependent constants given in Equation (5) (at 25 ◦C
A = 1.18 (kg mol−1)1/2 and B = 3.29× 109 (kg mol−1)1/2m−1 [33]).

A = (2πNAρw)
1/2

(
e2

0
4πε0εr,wkBT

)3/2

B = e
(

2NAρw

ε0εr,wkBT

)1/2
,

(5)

where NA is Avogadro constant, ρw is the density of the solvent (here water and set to constant
1000 kg m−3 for simplicity), e0 is the elementary charge, ε0 is permittivity of vacuum, kB is Boltzmann
constant, and T is the temperature in Kelvin. εr,w is the dielectric constant of the solvent [34] (here water)
and given in Equation (6) (rewritten to use temperature in Kelvin instead of Celsius):

εr,w = 87.74− 0.4008(T − 273.2) + 9.398× 10−4(T − 273.2)2 − 1.410× 10−6(T − 273.2)3 (6)

In Equation (4), aw is the water activity as a function of the salt concentration. Sangster et al. [35]
measured the water activity in KNO3 solutions above 3 M and extrapolated the data for concentrations
down to 0 M, giving a linear trend of the water activity. An approximation of the linear equation for
the water activity in a KNO3 solution with molality b is given in Equation (7):

aw = 1− 0.018b (7)

To the author’s knowledge, the activity coefficient of KNO3 is only measured at 25 ◦C and up to
salt concentrations of 3.5 mol kg−1, by Dash et al. and Marcos-Arroyo et al. [27,28]. Their experiments
were similar, but Dash et al. used double junction reference electrode, while Marcos-Arroyo et al. used
single junction. The modeled activity coefficient from Stokes–Robinson equation (Equation (4)) is
plotted in Figure 6 together with the data from Dash and Marcos-Arroyo.
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Figure 6. Modeled activity coefficient for KNO3 for different concentration and temperatures, together
with measured activity coefficients from [27,28].

A reason for the deviation between the Stokes–Robinson equation and the measured activity
coefficient of KNO3 from Dash et al. and Marcos-Arroyo et al. [27,28] is the assumption of no
temperature or concentration dependency in the hydration number and the distance of closest approach
in the model.

The apparent permselectivity, α from Equation (3), increases with increasing concentration
difference [36]. Krakhella et al. [37] measured FAS-50 and FKS-50 from Fumatech [18,19] at elevated
NaCl concentrations, and found the permselectivity to vary (with concentrations) from 0.5 to 0.8.
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Ji and Geise [38] found that the permselectivity of two membranes dropped by approximately 2%
when the temperature increased from 14 to 31 ◦C. However, the Donnan voltage increases with
increased temperature (Equation (3)), which was confirmed experimentally by Długołȩcki et al. and
Van Egmond et al. [39,40], among others.

The total voltage in a RED stack is given in Equation (8):

E = EOCVNuc − EL − riNuc, (8)

where Nuc is the number of unit cells, i is the current density per cross-section area and r is the unit cell
area resistance given in Equation (14). EL represents lumped electrode losses, including the activation
overpotential losses and the ohmic losses at the electrodes. The power density gained from the RED
stack is the stack voltage times the current, given in Equation (9):

P = EOCVNuci− rNuci2 (9)

The voltage needed for hydrogen production is 1.23 V, while the current density is found at
maximum power density, where the derivative of Equation (9) with respect to current density is
zero. Using these two limitations, gives two equations with two unknowns (current and number of
unit cells):

EOCVNuc − riNuc = (1.23 + EL) and

EOCVNuc − 2rNuci = 0
(10)

Solving Equation (10) gives the operating current density per unit cell area,

iPmax =
EOCV

2ruc
, (11)

and the number of unit cells needed:

Nuc =
2(EL + 1.23)

EOCV
. (12)

The hydrogen production in grams per hour per cross-section area is

m(H2) =
3600iPmax M

2F
(13)

where M is the molar mass of hydrogen gas (2.02 g mol−1).
It is important to highlight that the total ohmic losses of the RED stack, irNuc, need to be

(1.23 V + EL) for all current densities and number of unit cells. This can be seen by solving Equation (10).

3.2. Losses

The losses considered in this work is the lumped electrode losses at the electrodes and the ohmic
losses per unit cell. The Tafel losses are here considered to be a lumped loss of the activation potential
and ohmic losses at the electrodes [24]. The operational current density for the RED stack is assumed
small (<100 A m−2), where the activation and ohmic losses at the electrodes are approximately 0.10 V
(see [24], p. 156).

The ohimc losses are given in Equation (14):

ruc =
dAEM

ρAEM(1− β)
+

dCEM

ρCEM(1− β)
+

ds

ρdε2 +
ds

ρcε2 , (14)

where ρCEM and ρAEM are the conductivity of the AEM and CEM [S m−1] respectively, dAEM and
dCEM is the thickness of the AEM and CEM, and β is the spacer shadow (dimensionless) [39]. d is
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the thickness of the spacer, ε (dimensionless) is the volume factor occupied by the spacer or the
porosity (for no spacer: ε = 1. For definition, see [41]). ρd and ρc are the conductivities of the dilute
and concentrated solution respectively (S m−1). Theoretical values for ρd and ρc are deduced from
conductivity measurement from [42], where the data is fitted to Kohlrausch’s equation (given in
Hamann [43], p. 22) for 23 ◦C and 40 ◦C:

ρKNO3
23 ◦C,(Aq) = k1,23 ◦Cb− k2,23 ◦Cb3/2

ρKNO3
40 ◦C,(Aq) = k1,40 ◦Cb− k2,40 ◦Cb3/2

(15)

where b is the molality, and the coefficients, k1,i and k2,i, are given in Table 1. k1,i is equivalent to the
molar conductivity of infinite dilute solution, Λ0, and k2,i is a coefficient related to the stoichiometry of
the electrolyte.

Table 1. Coefficients for Equation (15) with 95% conf. interval.

Name Value

k1,23 ◦C 12.2± 0.3
k2,23 ◦C 3.4± 0.2

k1,40 ◦C 15.8± 0.4
k2,40 ◦C 4.5± 0.2

The ohmic losses in the flow compartment should be optimised with respect to hydrogen
production (see Equation (13)). For wider compartments, the ohmic resistance increases,
while pumping energy decreases. The ideal compartment width was found to be approximately
100 µm [44]. However, the compartment thickness in the simulations in this article is taken
from Fumatechs ED-stack (given in Table 4). The solution concentration also contributes to the
ohmic losses of the flow compartment, where a lower salt concentration increases the resistance
(see Equation (15)). This would suggest higher concentrations on both sides of the membrane. However,
a higher salt concentration gradient between the compartments enhances the RED driving potential
(see Equation (3)). Optimising the solution resistance is needed for highest possible power density
and hydrogen production, and varies with cell geometry and solution flow. When these factors are
accounted for, the ionic resistance in the membranes is the main contributor to ohmic losses [8,45].

The energy losses in the RED-stack can be calculate from (unit Wh m−3 (hydrogen)):

WRED-stack = ERED-stack
2pF

3600RT
, (16)

where ERED-stack is the voltage loss over the RED-stack and p is the pressure (1 atm = 101,325 Pa).

3.3. Ionic Membrane Conductivity

The ionic conductivity in the membrane in Equation (14), depends on the concentration and
diffusion coefficient for both the counterions and co-ions [46] (Equation (8)). The concentration
of counterions in the membranes is dependent on the fixed charges, and the amount of salt and
water absorbed in the membrane pores [46,47]. The fixed charges are quantified by the ion exchange
capacity (IEC) and are given as mmol g−1, and are constant (per membrane weight) with concentration.
By increasing the IEC, the hydrophilicity of the polymer chains in the membrane increases and with
it the water uptake. Water makes the membrane swell, reducing the density of the fixed charges in
the membrane and increasing the adsorption of ions in the membrane. For the two membranes used
in the experiments in this article, the IEC is 1.2–1.4 for CEM and 1.6–2.0 mmol g−1 for AEM [18,19],
indicating a slightly better conductivity in AEM than CEM.
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The swelling of the membrane is also affected by the difference between the membrane
concentration and the external concentration. The water uptake in the membrane does not change much
with the external concentration, but if the external concentration exceeds a certain limit (the Donnan
concentration of the membrane), water can diffuse from the membrane to the solution, due to osmotic
forces [46], decreasing the water and salt content inside the membrane. This concentration limit is
around 0.07 M for Nafion 117 [48]. The result of the swelling and de-swelling, is a flux of water and
dissolved salt into the membrane at low external concentration, and a flux of water from the membrane
to the external solution at high external concentration, resulting in a strictly increasing concentration
of both counterion concentration and co-ions in the membrane pores with external concentration [46].

The concentration of co-ions is also affected by the Donnan voltage over the membrane/solution
interface, where a lower Donnan voltage between membrane and external solution leads to higher
co-ion adsorption in the membrane [46].

The other factor affecting the ion conductivity in the membrane is the diffusion coefficient [46].
For NaCl the diffusion coefficient of the counterion is reported to decrease slightly with external
concentration in CEM, while in AEM, the reported data showed no effect on the concentration [47].
However, the reported data from [47] is only conducted up to 1 M NaCl. For higher concentrations,
the diffusion coefficient is believed to decrease with external concentrations, due to deswelling of the
membrane. Kamcev et al. found the diffusion coefficient of the counterion always to exceed the co-ion,
regardless of anionic or cationic membrane [46]. This indicates a faster transport at the fixed groups
than in the pores.

Smaller particles should theoretically have a higher diffusion coefficient [49]. However, a smaller
ionic radius has more charges per area on the surface of the ion, bringing more water molecules with
it [49], increasing the hydraulic diameter. This results in two effects on the conductivity. The first effect
is increased membrane wetting, where more water increases the conductivity. The second effect is that
the physically larger ion will lower the diffusion coefficient. The crystalline and the hydrated radius of
Na+, K+, Cl− and NO−3 are found from [49] and given in Table 2.

Table 2. Crystal and hydrated radii of Na+, K+, Cl− and NO−3 . Data obtained from [49].

Na+ K+ Cl− NO−3
Crystal radius (nm) 0.101–0.117 0.138–0.149 0.181–0.194 0.179–0.189
Hydrated radius (nm) 0.178–0.358 0.201–0.331 0.195–0.332 0.340

3.4. Electrochemical Impedance Spectrocopy

In electrochemical impedance spectroscopy (EIS), an oscillating current (or potential) is applied
to the system at a specific frequency, and the amplitude and phase shift of the voltage (or current) is
measured. From this, the impedance of the system can be obtained.

The system used for the present measurements is a membrane compressed between two electrodes
(more details in Section 4.2). The equivalent circuit is therefore a series of the three components: the two
electrode-membrane interfaces, and one membrane bulk impedance. The interface impedance between
the membrane and the electrodes consists of a capacitive impedance (Cdl), due to the double layer,
in parallel with a resistance (Rdl) representing the blocking interface. The membrane impedance is a
bulk resistance (Rb) in parallel with a capacitor (Cb) due to the double layers building up in the pores
in the membrane [50]. The total impedance is given in:

Z =
1

1/Rdl,1 + iωCdl,1
+

1
1/Rb + iωCb

+
1

1/Rdl,2 + iωCdl,2
, (17)

Since no charge can pass the electrode/membrane interface, the interface impedance is merely
capacitive [50]. Electrodes with a perfectly flat surface purely have a capacitive behaviour,
although small irregularities in most electrodes lead to the use of a constant phase element (CPE)
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instead of a capacitor when analysing the impedance. The total impedance in Equation (17) can be
simplified to:

Z =
1

(iωCdl)n +
1

1/Rb + iωCb
(18)

The equivalent circuit for the electrode membrane system is given in Figure 7 and a typical
Nyquist plot of the resistance is given in Figure 8 where the bulk resistance in the membrane is marked.

Figure 7. The equivalent circuit for a wet membrane between two electrodes.

When the frequency increases the contribution from the CPE decreases, and the contribution
from the membrane increases. At a given frequency (≈1 MHz), the majority of the impedance is from
the membrane resistance, and the ohmic membrane resistance can be found from the Nyquist plot
(see Figure 8).
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Figure 8. Nyquist plot of Equation (18), and where the ohmic resistance of the membrane is found.

4. Experimental

Two membranes from Fumatech, FAS-50 and FKS-50 [18,19], with high permselectivity
(in seawater at 25 ◦C) are chosen for conductivity measurements with KNO3. The ion conductivity is
measured at 23 ◦C and 40 ◦C, where the upper limit is due to possible degradation of the membranes
above 40 ◦C.

4.1. Membrane Preparation

FAS-50 and FKS-50 are delivered dry with the counter ions Br− and H+, respectively, balancing
the fixed charges [18,19]. After punching circular samples with a radius of 1 cm, six membranes were
soaked in 500 mL of each concentration of KNO3 for minimum 36 h. To avoid precipitation of salt
(e.g., a drop in temperature before measurements start), the membrane conductivity measurements
are carried out at maximum of 4.3 mol kg−1. For comparison, both membrane types are soaked in the
same concentration (mol kg−1) NaCl.

To measure the conductivity of only the counterions, the membranes could be rinsed in deionised
water to remove salt solutions from the pores in the membranes. However, for our purpose, the ion
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conductivity of both the counterions and the ions dissolved in the pores in the membrane is of interest.
The membranes are therefore not rinsed in deionised water before measurements.

After removed from the salt solution, the membrane thickness was measured in three different
places for every sample with a micrometre and averaged, before they were placed in the setup
described below.

4.2. Ion Conductivity Measurement

The cell used to measure membrane conductivity is illustrated in Figure 9. The setup contains two
platinum disc electrodes with a radius of 1 cm and thickness of 1 mm, which the membrane sample is
placed in between. Platinum wires are connected to the electrodes and mounted in a hard cylinder
where the wires are emerging through the end. A tube is slid closely around the cylinders with the
electrodes and membrane. Similar setups are standard in this kind of measurements [51,52].

12245 3

Figure 9. Sketch of the measurement cell for membrane conductivity, with (1) membrane sample(s),
(2) platinum plates, (3) heating wire, (4) end of the thermocouple emerging from the cell, (5) end of the
platinum wire (attached to the platinum plate) emerging from the cell.

To control the pressure on the membrane, the cylinder is placed in an (in-house made) screw
clamp. The bolt (M6, hexagonal head) is tightened to a pressure of 2 Nm which is evenly distributed
on the membrane due to the screw clamp.

For the measurements at 40 ◦C, the setup is placed in a heating cabinet, where the temperature is
maintained at 40 ± 1 ◦C throughout the experiment. For some of the experiments at 40 ◦C, a heating
wire was attached outside the cylinder to heat the system faster. This is illustrated in Figure 9.

Galvanostatic electrochemical impedance spectroscopy is performed with a two-electrode-setup
using a Gamry Interface 5000E potentiostat. The settings used are given in Table 3.

Table 3. Galvanostatic EIS settings for the potentiostat. * rms = root mean square, ≈0.7× peak current.

Variable Value

DC current [A] 0
AC current [A rms] * 0.001
Initial frequency [Hz] 1 MHz
Final frequency [Hz] 5

Points/decade 10

To eliminate changes on the electrode surface in-between the experiments, both electrodes
were polarised in 1 M H2SO4 from 0.1 to 1.6 VSHE until stable (no changes between the cycles),
or minimum 30 cycles. The electrodes were also polished regularly. To account for inductance from
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the hardware, an experiment without the membrane sample was conducted, where the electrodes
are compressed with the same pressure as used during the experiments with the membrane samples.
The resulting impedance is subtracted from the impedance found with the membrane, using the
software Echem Analyst

As described in Section 3.4 , the bulk resistance of the membrane, is found at the higher frequencies
(after subtracting the blank cell), where the imaginary impedance is close to zero. In many cases,
the Nyquist plot showed a straight line where it was easy to read of the bulk resistance. In the cases
where the data was noisy at higher frequencies, a line was drawn through the lower linear data points
to find the crossing point on the real axis, as shown in Figure 10.
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Figure 10. Impedance data with linear fit to find the crossing of the real axis.

For every concentration, temperature and membrane type (AEM and CEM), three experiments
were run using 1, 3 and 5 membranes samples stacked inside the cell, to find the resistance for different
thicknesses. The resistance was multiplied with the area of the membrane and plotted versus the
thickness, where the slope of the graph is the resistivity (Ωm). The interface between the membranes
is found to have a negligible impact on the resistance [17].

4.3. Power Density and Hydrogen Production

The unit cell power density is calculated from Equation (9), with all the input parameters given in
Table 4. When plotting power density versus current density, a maximum power density can be found.
The corresponding current density is used as an input to Equation (13).

As seen in Table 4 the concentrations of the concentrated solutions and the dilute solution
used with the precipitation technique are set by the solubility limits. The ideal dilute concentration
used with the evaporation process is set at maximum hydrogen production, which is found from
calculations. The driving potential, solution resistance and power density are calculated for various
dilute concentrations, giving one current density at maximum power for all the chosen dilute
concentrations. The concentration giving the highest hydrogen production was chosen as the dilute
concentration for the evaporation process.
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Table 4. Input values used to model power density and hydrogen production from RED.

Name Symbol Value

Solutions
Conc. dilute solution—evaporation beva

d calc. from Hmax
2

Conc. dilute solution—precipitation (T = 10 ◦C) bpre
d 2.11 mol kg−1 *

Conc. concentrated solution (T = [25 40] ◦C) bc [3.79 6.22] mol kg−1 *
Temperature T [297 313] K
Flow volume per unit cell Φ 5.4× 10−5 kg s−1m−2 **

Membrane
Mean permselectivity CEM and AEM α 0.63–0.96 ***
Conductivity AEM ρAEM measured
Conductivity CEM ρCEM measured
Thickness AEM dAEM 50 µm
Thickness CEM dCEM 50 µm

Cell geometry
Thickness spacer ds 155 µm [37]

Spacer parameters
Shadow factor β 0.35 [37]
Porosity ε 0.84 [37]

Electrode
Lumped electrode losses EL 0.10 V [24] (p. 156)

Constants
Molar mass KNO3 M 0.101 kg mol−1

Molar mass H2 M 0.00202 kg mol−1

Faraday’s constant F 96,485 C mol−1

Universal gas constant R 8.314 J K−1mol−1

* solubility limit for KNO3 at the given temperatures. ** recomended for the ED cell from Fumatech. *** no
data for KNO3, but datasheet reported a mean of 0.96 for 0.5 M for NaCl [18,19] and Ref. [37] reported a mean
permselectivity from 0.63–0.76 at elevated concentrations of NaCl.

4.4. Energy Used in Solution Separation

The mass balance in the two separations systems needs to be calculated to find the energy used.
In the assumption that no water is crossing the membrane, the water content of both the inlet and outlet
flow are the same, for both the concentrated and dilute solution (given in Table 4). The concentration
(mol kg−1) of the outlet solutions from RED, is dependent on the hydrogen production:

boutlet
c =

ṅinlet
c − 2ṅH2

Φw
=

binlet
c Φw − 2ṅH2

Φw

boutlet
d =

ṅinlet
d + 2ṅH2

Φw
=

binlet
d Φw + 2ṅH2

Φw

(19)

where Φw is the flow of water per second per cross-section area and ṅ is the flow of moles per second
per cross-section area.

In the precipitation system, a slurry of water and salt is removed from the spent dilute solution.
The water removed can be compensated for by adding some of the spent concentrated solution back
to the spent dilute solution. This is illustrated in Figure 11, where the water content in the slurry,
Φw,2, is defined equal to the water content in the solution removed for the concentrated solution, Φw,1,
and added back to the dilute concentration.
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Φw Φw

Figure 11. The mass flow in the precipitation system. Φw,1 is the water flow from the concentrated to
the dilute solution, while Φw,2 is the water flow from dilute to concentrated solution. For no loss of
water,Φw,1 ≡ Φw,2.

If the inlet concentration is to be kept constant, these two equation must apply, where Φw,2, is the
water flux of the precipitated slurry and Φw,1 is the water flux added back to the spent dilute solution.
The units are per time and cross-section area (flux):

ṅoutlet
c − boutlet

c Φw,1 + bslurryΦw,2

Φw + Φw,2 −Φw,1
= binlet

c

ṅoutlet
d + boutlet

c Φw,1 − bslurryΦw,2

Φw −Φw,2 + Φw,1
= binlet

d

(20)

where ṅ is the molar flux, b is the concentration and Φw is the mass flux of water (see Table 4
and Figure 11). The suffix outlet and inlet refers to the outlet and inlet solution from the RED stack,
while c and d is the concentrated and dilute solution, respectively. The concentration of the slurry is
set so that the mass of salt and water content is equal:

Φsalt
Φw

= 1→ ṅsaltMsalt
Φw

= 1→ bslurry =
1

Msalt
(21)

Solving either of the equation in Equation (20) will give the mass flux of water in the salt slurry,
Φw,2, and the water flux transferred from the concentrated to the diluted solution, Φw,1.

In the evaporation system, the water removed from the concentrated outlet solution needs to be
added back for the dilute solution. This is illustrated in Figure 12. The water flux is taken to be the
same as Fumatechs recommendations for their ED stack, and the outlet concentrations are calculated
from Equation (19).

Spent
concentrate

Spent
dilute

T≈40 °C
P<1 atm

ΦwΦw

Φw

Φw,1

Φw,2

RED
T=40 °C
P=1 atm

Φw

Figure 12. The mass flow in the evaporation system. Φw,1 is the water flow from concentrated to the
dilute solution, while Φw,2 is the water flow from the dilute to the concentrated solution. For no loss of
water, Φw,1 ≡ Φw,2.
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If the inlet concentration is to be kept constant, these two equations need to be solved, where
Φw,1, is the water evaporated and added to the dilute solution, and Φw,2 is the water content of the
solution added back to the spent concentrated solution. The units are per time and membrane area:

ṅoutlet
c + boutlet

d Φw,2

Φw −Φw,1 + Φw,2
= binlet

c

ṅoutlet
d − boutlet

c Φw,2

Φw + Φw,1 −Φw,2
= binlet

d

(22)

The enthalpy for heating and evaporating water, and the enthalpy to dissolve KNO3 is given
in Table 5.

Table 5. Input enthalpy values used to model power density and hydrogen production from RED.

Name Symbol Value

Vaporizing water ∆Hvap. 11.3 Wh mol−1 (628 Wh kg−1) [53]
Heating water ∆Hheating 0.0209 Wh (mol K)−1 (1.16 Wh (K kg)−1 )

Disolving KNO3 in water ∆Hdissolve 9.69 Wh mol−1 (538 Wh kg−1) [54]

5. Results and Discussion

The ion conductivity measurements revealed significant differences in ion conductivity for KNO3

and NaCl. The relevance of these results is demonstrated by implementing them into the described
model of the hydrogen production from RED using concentrations relevant for precipitation and
evaporation. This section contains results from the measured ion conductivity and the modelled data,
and discussion of all the results.

5.1. Ion Conductivity Measurements

The ion conductivity of KNO3 and NaCl in CEM and AEM are plotted in Figure 13.
The conductivity of KNO3 in CEM at both 23 ◦C and 40 ◦C are similar to the conductivity of NaCl.
The ion conductivity in AEM is significantly lower for KNO3 than for NaCl at both 23 ◦C and 40 ◦C
(Figure 13b,d).
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Figure 13. Cont.
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Figure 13. Ion conductivity at 23 ◦C in (a) CEM and (b) AEM, and at 40 ◦C in (c) CEM and (d) AEM,
with 95% confidence interval.

Due to high deviations, a possible change in conductivity with concentrations can only be seen
for NaCl, where the conductivity decreases with increased external concentrations. Even though the
membrane concentration should increase with the external concentration (see Section 3.3), the water
diffuses from the membrane to the external solution, both lowering the total amount of moving charges
and decreases the diffusion coefficient.

The difference in conductivity between AEM and CEM could be due to a higher ICE in AEM than
in CEM. This is the case for NaCl.

The general indication of an increase in conductivity with temperature can be due to increased
swelling, resulting in a higher solution uptake.

5.2. Modeling of Hydrogen Production

As described in the experimental section, the dilute concentration used with the evaporation
process is chosen from what gives the highest hydrogen production. The model of the hydrogen
production for various concentrations is plotted in Figure 14 where the ideal dilute concentration for
the evaporation process is found to be 0.081 and 0.101 mol kg−1 at 25 and 40 ◦C respectively.
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Figure 14. The change in the hydrogen production as a function of the dilute concentration in RED.
The concentration of the concentrated inlet is set by the solubility limit at 25 and 40 ◦C, 3.79 and
6.22 mol kg−1.
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The permselectivity of the membranes in KNO3 is unknown but assumed to be between 0.96 and
0.63 (see Table 4). The driving potential from RED is found from Equation (3), with concentrations
given in Table 4 and Figure 14, and activity coefficients given in Equation (4). The unit cell driving
potential is plotted in Figure 15. The reason for the higher driving potential with concentrations
relevant to evaporation compared to the potential using concentrations relevant for precipitation is
only due to the increased concentration difference.
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Figure 15. Driving force for RED using concentrations relevant for the separation techniques
evaporation and precipitation.

The membrane resistance of AEM and CEM at 23 ◦C is taken to be the average over the measured
concentrations (see Figure 13) due to no significant change in the conductivity. The relevant membrane
ion conductivity for the modelling of the hydrogen is given in Table 6.

Table 6. Measured membrane ion conductivity for the relevant mean concentration of KNO3 for the
inlet to RED, 23 ◦C and 40 ◦C.

κAEM κCEM

23 ◦C 0.08 ± 0.01 S m−1 0.18 ± 0.07 S m−1

40 ◦C 0.11 ± 0.09 S m−1 0.20 ± 0.11 S m−1

The total theoretical ohmic resistance of the RED stack, including the measured membrane
resistance, is given in Figure 16. The reason for the large difference in dilute solution resistance is
the higher concentration in the inlet solutions used for the precipitation system compared to the
evaporation system.
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Figure 16. The total ohmic resistance in a RED unit cell at 23 ◦C and 40 ◦C using concentrations
relevant for (a) evaporation and (b) precipitation. The calculation of the four contributions can be seen
in Equation (14).
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Given the open circuit potential in Figure 15, a lumped electrode loss of 0.1 V (see Table 4) and the
unit cell ohmic resistance in Figure 16, the number of unit cells can be calculated from Equation (12).
The results are given in Table 7. The operation current density is calculated from Equation (11),
and given in Table 8.

Table 7. The number of unit cells needed to have a total stack potential of 1.33 V and an operating
current density at peak power.

25 ◦C 40 ◦C

Precipitation 93± 16 43± 8
Evaporation 18± 3 15± 3

Table 8. The operating current density of RED (see Equation (11)).

25 ◦C 40 ◦C

Precipitation 10± 2 A m−2 30± 18 A m−2

Evaporation 42± 9 A m−2 70± 34 A m−2

The unit cell power density from RED is given in Figure 17. Due to uncertainties, both in the open
circuit potential (permselectivity) and the membrane resistance, the propagation of uncertainty leads
to correspondingly high uncertainties in the power density.
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Figure 17. Power density from one RED unit cell (no tafel or electrode losses) per cross-section area
using concentrations relevant for the separation techniques evaporation and precipitation.

The predicted hydrogen production from the RED stack is given in Figure 18, where the production
at 40 ◦C using KNO3 is 2.6 ± 1.3 g h−1 m−2 (per cross-section area) for the evaporation process,
and 1.1 ± 0.7 g h−1 m−2 (per cross-section area) for the precipitation process.

For comparison, proton exchange membrane water electrolysis (PEMWE) has a normal operation
current density of 10 kA m−2 [55,56], resulting in a hydrogen production of 376 g h−1m−2.
The cross-section area of RED needs to be minimum 160 times higher than the cross-section area
in PEMWE to produce the same amount of hydrogen. However, the nature of the RED and PEMWE
systems are different, as hydrogen is produced from electric power in PEMWE while the Heat to
H2-system intends to use low-grade waste heat to produce hydrogen. The cell stack in the two systems
also differs significantly: The bipolar plates, separating every unit cell in PEMWE, contribute to 80% of
the weight and almost 50% of the cost in PEMWE [57]. In the RED-stack, there is no need for a unit
cell separator. The membrane is also potentially cheaper in RED, where hydrocarbon material is used
versus Nafion in PEMWE.
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Figure 18. Hydrogen production per hour and unit cell area from RED using concentrations relevant
for the separation techniques evaporation and precipitation.

5.3. Energy Consumption and Cost

The energy losses in the RED stack, are the ohmic losses per unit cell and the lumped electrode
losses. The calculation of these losses is carried out as described in Section 3.2. In the precipitation
separation process, the majority of the energy is needed for heating the solution from 10 to 40 ◦C and
for dissolving the salt. In the evaporation separation process, the major energy consumption is in the
evaporation of the water from the concentrated solution. In the calculation of the energy used per
volume hydrogen produced, the hydrogen production at 40 ◦C is used as a reference.

Using the hydrogen production from Figure 18 as input for Equation (19), the outlet concentrations
from RED can be calculated, given in Table 9. The difference in concentration from the inlet to the
outlet solution from RED gives the amount of salt needed to add or remove from the outlet solutions
to regenerate the original inlet concentrations.

Table 9. Inlet and outlet concentrations for the dilute and concentrated solutions.

Precipitation

Inlet conc. concentration 6.2 mol kg−1

Inlet dilute. concentration 2.1 mol kg−1

Outlet conc. concentration 6.1 mol kg−1

Outlet dilute concentration 2.2 mol kg−1

Evaporation

Inlet conc. concentration 6.2 mol kg−1

Inlet dilute. concentration 0.1 mol kg−1

Outlet conc. concentration 5.3 mol kg−1

Outlet dilute concentration 1.0 mol kg−1

Solving Equations (20) and (22), gives the mass fluxes as given in Table 10. Using the enthalpies
in Table 5 and the fluxes from Table 10, the energy used in the two Heat to H2-systems are given in
Table 11.

For the evaporation process, 90% of the energy consumption is allocated to the evaporation of
water. The total energy consumption is over ten times higher than the energy consumption per volume
hydrogen produced with PEMWE (4.78 kWh m−3 [58], operating at 2 V) and alkaline water electrolyser
(3 kWh m−3 [59]).

For the precipitation process, the majority of the losses are distributed evenly between the
reversible work, the ohmic losses and the heating (dissolving of salt and heating of water). The total
energy consumption of the RED and precipitation process is comparable to both PEMWE and alkaline
water electrolysis.
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Table 10. Mass fluxes in the two separation systems per cross-section area.

Specific Mass Flux Mass Flux/kg h−1 m−2

Precipitation

Flux of water, Φw 8.36
Flux intlet conc. solution (from RED) 13.6
Flux intlet dilute solution (from RED) 10.1
Flux outlet conc. solution (from RED) 13.5
Flux outlet dilute solution (from RED) 10.3
Flux of salt from dilute to conc. solution 0.295
Flux of water from dilute to conc. solution 0.295
Flux of solution from conc. to dilute solution 0.476

Evaporation

Flux of water, Φw 2.92
Flux inlet conc. solution (from RED) 4.75
Flux inlet dilute solution (from RED) 2.95
Flux outlet conc. solution (from RED) 4.49
Flux outlet dilute solution (from RED) 3.21
Flux of water from conc. to dilute solution (eva.) 2.62
Flux of solution from dilute to conc. solution 2.88

Table 11. Energy needed per volume hydrogen produced from RED using evaporation and
precipitation at 40 ◦C. * Due to the restriction on the ohmic and lumped electrode losses (see Section 3.1),
there is no uncertainty.

Process V j P W W
V A m−2

cross W m−2
cross kWh m−3 kWh kg−1

Evaporation

Reversible work 1.23 70± 34 86± 42 2.57 32.7
Electrode comp. loss 0.10 * 70± 34 7± 3 0.21 2.7
Ohmic loss RED-stack 1.33 * 70± 34 93± 45 2.78 35.3
Regen. heat (eva.) 24± 10 70± 34 1600 ± 1000 49± 22 600 ± 300
Total 26 ± 10 70 ± 34 1800 ± 1000 55 ± 22 700 ± 300

Precipitation

Reversible work 1.23 30± 18 86± 42 2.57 32.7
Electrode comp. loss 0.10 * 30± 18 3.0± 1.8 0.21 2.7
Ohmic loss RED-stack 1.33 * 30± 18 40± 24 2.78 35.4
Regen. heat needed 0.341± 0.008 30± 18 10± 6 0.71± 0.02 9.1± 0.2
Regen. heat (dissolve) 0.94± 0.02 30± 18 28± 17 1.96± 0.04 25.0± 0.6
Total 3.94 ± 0.02 30 ± 18 167 ± 52 8.23 ± 0.05 104.8 ± 0.6

The cost per kg of hydrogen produced can be estimated by including the membrane cost, which
is assumed to be the most expensive part of the RED-stack materials [4], and the cost of the salt. This is
a simplification, and for a future study other costs should be considered, e.g., the cost of the separation
unit. Assuming a membrane price of 170 $ m−2 and a membrane lifetime of 4 years [10] the price
for producing 1 kg of hydrogen is 55 $ and 370 $ for the evaporation and the precipitation process
respectively. To compete with the cost of producing hydrogen using electrolysers, 4.2–14 $ kg−1 [60],
the membrane price needs to cost less than 43 $ m−2 and 6.5 $ m−2 for the evaporation and precipitation
process respectively. The cost of KNO3 is 78 $ kg−1, and the amount of salt inside the RED-stack is
1.3 kg m−2 and 4.7 kg m−2 for the number of unit cells relevant for the evaporation and precipitation
system, respectively. Assuming the doubled amount of salt is needed for the entire Heat to H2-system
and the system can operate for 100 years (membranes need to be changed more often), the cost of the
salt is 0.043 $ and 0.371 $ per kg hydrogen produced using the evaporation and precipitation system
respectively. In the present Heat to H2-system the price of the salt is negligible compared to the cost of
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the membranes. Raka et al. [10] found the contribution from heating to be over 50% of the total cost in
a system similar to the one presented here. Obtaining the heat at an energy price of 0.15 $ per kWh [4],
the cost of the heating per kg hydrogen produced is 100 $ using the evaporation process and 16 $ using
the precipitation process.

6. Conclusions

Two separation techniques for outlet solutions from RED are presented. Due to the necessity of a
large change in solubility with temperature, KNO3 is evaluated as a salt for the solutions used in RED.
Ion conductivity is measured at 23 ◦C and 40 ◦C for one AEM and one CEM (FAS-50 and FKS-50) at
three different concentrations. However, the conductivity of KNO3 did not change significantly with
concentration. The conductivity for AEM was found to be 0.8 ± 0.1 mS cm−1 and 1.1 ± 0.9 mS cm−1

at 23 ◦C and 40 ◦C respectively, while for CEM the conductivity was found to be 1.8 ± 0.7 mS cm−1

and 2.5 ± 0.9 mS cm−1 at 23 ◦C and 40 ◦C respectively. Due to the low conductivity of NO−3 in AEM
other salts should be considered, e.g., CaCl2 and NaOH.

The driving force in RED using concentrations relevant to evaporation is 5 and 3 times higher
than for the system relevant for precipitation at 25 ◦C and 40 ◦C respectively. However, due to lower
dilute concentration in for the evaporation process, the resistance of the dilute compartment is 30 times
higher for the concentration relevant for evaporation versus precipitation, increasing the total unit cell
resistance by 30%.

Comparing the measured membrane resistance to the total unit cell resistance in RED,
the membranes account for 98% of the total resistance using the precipitation process. For the
evaporation process, the membrane resistance accounts for 70–80% of the total stack resistance.
A decrease in the membrane resistivity with 50% would double the hydrogen production for the
precipitation, while it would increase with 70% for the evaporation.

The predicted power density from RED in the two processes takes into account the assumed
open circuit potential and the resistance. RED, using concentrations relevant for the evaporation
process, can deliver seven times higher unit cell power density per cross-section area then RED using
concentrations relevant for precipitation at 40 ◦C.

The hydrogen production is calculated using the current at maximum power density, and a
total RED stack potential of 1.33 V. The production of hydrogen using concentrations relevant for
the evaporation process is 4 and 2 times higher than for concentrations relevant for the precipitation
process at 25 ◦C and 40 ◦C respectively. From a cost perspective the evaporation process is preferable
over the precipitation process due to a higher hydrogen production per membrane area, while from an
energy demand perspective the precipitation process is the superior separation technique. The energy
needed per cubic meter of hydrogen produced is 55 ± 22 kWh for the evaporation process and
8.22 ± 0.05 kWh for the precipitation process. The most common renewable source of hydrogen
production today is PEMWE, which stands for 4% of the world’s total hydrogen production [61].
The results from the measurements and the modelling in this article present an alternative renewable
way to produce hydrogen with an energy consumption comparable to PEMWE, where the input
energy is otherwise lost low-grade waste heat.
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