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Abstract

A multiphase CFD model has been developed and implemented in an in-house

code for a coupled double loop circulation fluidized bed (DLCFB) reactor which

can be utilized for the chemical looping combustion process. The air reactor

and the fuel reactor were operated in fast fluidization regime and simulated

separately, the connection between the two reactors is realized through specific

inlet and outlet boundary conditions. This work represents a first attempt

to model and simulate the novel DLCFB system. The model predictions of

the axial pressure profiles are in good agreement with the experimental data

reported in the literatures. In addition, typical core-annulus structure of radial

solid volume fraction distribution can be well predicted in both reactors. These

indicate the capability of the model for predicting the cold flow performance of

the DLCFB system. Furthermore, the effects of superficial gas velocity, total

solid inventory on the flow characteristics have been examined. The results show

that an increase of the gas velocity could enhance the solid exchanges between

the two reactors. The additional solids were accumulated in the bottom of the

reactors when the total solid inventory was increased.
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1. Introduction1

Over the past decades, global warming has caused significant negative im-2

pacts on the natural and human system. There is an overwhelming consensus3

among scientists that the anthropogenic emissions of carbon dioxide (CO2) are4

the major contributor to the warming trend. That is why a tremendous num-5

ber of technologies have been advocated to reduce the CO2 emission, especially6

from the energy sector.7

Carbon Capture and Storage (CCS) is a promising technology for reducing8

CO2 emissions because of the increasing fossil fuel consumption and the dom-9

ination of carbon-intensive industries.[1] The CCS technology can be divided10

into four groups as pre-combustion, oxy-fuel combustion, post-combustion and11

chemical looping combustion (CLC). Since the first three ones will result in a12

drop in process efficiency and high energy penalty[2], CLC has drawn more and13

more attention.14

CLC is a novel combustion process with two successive reaction systems15

forming a chemical loop instead of the conventional combustion reaction system.16

The process primarily consists of two fluidized bed reactors, the fuel reactor17

(FR) and the air reactor (AR). In the FR, the fuel reacts with the metal oxide18

which is called an oxygen carrier (OC) to produce CO2 and H2O. H2O can then19

be removed by condensation and only carbon dioxide is remaining for storage.20

The oxygen carrier is being reduced from MeOα to MeOα−1 and transported21

to the AR. In the AR the MeOα−1 oxidized to MeOα by oxygen of the air and22

circulating back to FR. In this way, the mixing of fuel and air is avoided and23

CO2 will inherently not be diluted with nitrogen which would otherwise require24

high energy cost. More detailed descriptions of the development of the CLC25

process can be found in several review articles [2–4].26

In recent years computational fluid dynamics (CFD) has become a useful27

tool for studying the fluidized bed system. There are two modelling frame-28
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works for modelling the gas-solid flow, the Eulerian - Lagrangian (E-L) model29

and the Eulerian - Eulerian model, also known as the two-fluid model. Due30

to the high computational resources required for solving the E-L model, most31

researches choose the two-fluid model for studying the fluidized bed reactor.32

In this method, which is also used in this work, both phases are described as33

interpenetrating continua and modelled in the framework of the Navier-Stockes34

equations using averaging quantities.35

CFD simulations by use of the two-fluid model for describing the CLC pro-36

cess have been employed in several articles. The first attempt was made by Jung37

and Gamwo [5] followed by Deng et al [6, 7] and Jin et al.[8] In their simulations,38

the typical bubble behaviour and flow patten were observed but no experimental39

data were available for the model validation. Moreover low fuel gas conversions40

were predicted due to the bubbles formed and the reacting gas bypassing the41

solid inside the bubbling bed. Kruggel-Emden et al.[9], Mahalatkar et al.[10]42

also conducted studies of the reactive performance of the CLC system. The43

simulation studies mentioned above were limited to the fuel reactor only, but a44

few authors have also carried out the full loop simulation of the CLC process.45

Kruggel-Emden et al.[11] applied the exchanges of solid mass through a time-46

dependent inlet and outlet boundary coupled to the fuel and air reactors, the47

developed interconnected CFD model shows promising results for developments48

of the CLC process. Wang et al.[12], Ahmed and Lu [13], Su et al. [? ] and49

Banerjee et al. [14] studied the CLC process by developing a 2D full loop CFD50

model and successfully predicted the hydrodynamic characteristics. Besides the51

2D models, 3D models have also employed by Guan et al.[15] and Geng et al.[16]52

for hydrodynamic studies. The 3-D CLC simulation combining hydrodynamics53

and reaction kinetics was carried out by Parker [17] and Banerjee et al. [14].54

Up to date, most numerical studies were performed on a typical configu-55

ration which consists of a high velocity riser as the AR and a low velocity56

bubbling fluidized bed as the FR. Only a few attempts [12, 18, 19] were made57

for other reactor designs. In order to get sufficiently high solid circulation rate58

and fuel conversion, enhance gas-solid contact and realize flexible operation,59
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SINTEF Energy Research and the Norwegian University of Science and Tech-60

nology have designed a double loop circulating fluidized bed (DLCFB) reactor61

for CLC process[20]. This system is modelled and simulated in this work. In62

their DLCFB system, which is sketched in Figure 1 (a), the air reactor as well63

as the fuel reactor were operated as a circulating fluidized bed reactor. The64

interconnection between the reactor units was realized by means of two divided65

loop-seals and a bottom extraction/lift. The loop-seals are fluidized through66

three bubble caps (central, external and internal) so that the solids entrained67

by one reactor can be lead into the other reactor or re-circulated back into the68

original one. During the experiment, the solid outflow from one reactor is in-69

jected into the bottom of the other reactor through the cyclones and external70

loop-seals.71

Proper understanding of the complex gas-solid hydrodynamic characteristics72

of the DLCFB reactor is required for providing guidance in the design and oper-73

ation of the CLC reactor system. In the present work, a multiphase CFD model74

for an interconnected DLCFB reactor has been developed and implemented75

using the Fortran programming language. The main objective of this investi-76

gation is to validate the model and to explore the hydrodynamic behaviours of77

the system under different operational conditions.78

2. Multiphase fluid dynamics model79

This section presents the governing equations for each phase as well as the80

constitutive closure models. For the gas phase, the transport equations can81

be derived by applying a suitable averaging procedure to the local instanta-82

neous equations[21], while the transport equations for solid phase originate from83

the ensemble average of a single-particle quantity over the Boltzmann integral-84

differential equation[22].85
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2.1. Continuity equations86

The continuity equations for the gas phase and solid phase are given as87

follows:88

∂

∂t
(αgρg) +∇ · (αgρg #»v g) = 0 (1)

∂

∂t
(αsρs) +∇ · (αsρs #»v s) = 0 (2)

The volume fraction of gas phase (αg) and solid phase (αs) are sum up to one89

in the two-phase model:90

αg + αs = 1 (3)

2.2. momentum equations91

The momentum equations for the gas and solid phases can be expressed by:92

∂

∂t
(αgρg

#»v g) +∇ · (αgρg #»v g
#»v g) =− αg∇p−∇ · αg ¯̄τg +

# »

Mg + αgρg
#»g (4)

∂

∂t
(αsρs

#»v s) +∇ · (αsρs #»v s
#»v s) =− αs∇p−∇ · αs ¯̄τs +

# »

Ms + αsρs
#»g (5)

2.3. Turbulence model for the gas phase93

A standard κ−ε turbulence model [23, 24] has been used to describe the tur-94

bulence phenomena in the gas phase, the gas turbulent kinetic energy equation95

is expressed by:96

∂

∂t
(αgρgkg) +∇ · (αgρgkg #»v g) =αg(−¯̄τt : ∇ #»v g + St)

+∇ · (αg
µg,t
σg
∇kg)− αgρgεg

(6)

5



The turbulent energy dissipation rate equation is formulated as:97

∂

∂t
(αgρgεg) +∇ · (αgρgεg #»v g) =αgC1

εg
kg

(−¯̄τt : ∇ #»v g + St)

+∇ · (αg
µg,t
σε
∇εg)− αgρgC2

ε2g
kg

(7)

2.4. Constitutive Closure Models98

2.4.1. Inter-phase drag model99

The two phases are coupled through the interfacial momentum transfer,100

which is dominated by the drag force. In this study, the Gibilaro [25] drag101

model was used. The cluster effect inside the riser is modelled by use of the102

method proposed by McKeen and Pugsley [26]. The interfacial drag force is103

thus modelled as:104

# »

Mg = − # »

Ms = C
#»

FD = Cβ( #»vs − #»vg) (8)

The value of the calibration parameter C is different for different kinds of par-105

ticles. It is used as a tuning parameter to match the simulation results with the106

experimental pressure and solid volume fraction data. For the particle used in107

the DLCFB reactor system, the value C is 0.4. The friction factor is given by108

[25]:109

β =

(
17.3

Rep + 0.336

)
ρg | #»vs − #»vg |

dp
αsα

−1.8
g (9)

where the particle Reynolds number is:110

Rep =
dpαgρg| #»u g − #»u s|

µg
(10)

2.4.2. Closure Model for the gas phase111

The gas phase viscous stress tensor in equation (4) is given as:112

¯̄τg = −µg
(
∇ #»v g + (∇ #»v g)

T − 2

3
(∇ · #»v g )̄̄I

)
(11)
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in which the bulk viscosity of the continuous gas was set to zero.113

In the turbulence model, turbulent viscosity is defined by:114

µg,t = ρgCµ
k2g
εg

(12)

The turbulent kinetic energy production St due to the motion of the particles115

can be modelled with the method proposed by [27]:116

St = Cbβ( #»v s − #»v g)
2 (13)

The turbulent stress tensor is modelled by using the gradient- and Boussinesq117

hypotheses[24]:118

¯̄τt = −2

3
ρgkg

¯̄I + µg,t

(
∇ #»v g + (∇ #»v g)

T − 2

3
(∇ · #»v g )̄̄I

)
(14)

The empirical parameters in the κ− ε turbulence model are given in Table119

1.120

2.4.3. Kinetic theory of granular flow121

When the solid phase is treated as a fluid in the two-fluid model, some122

physical properties like solid pressure, solid viscosity are missing. The kinetic123

theory of granular flow (KTGF) [28] was used to derive the different physical124

properties of the solid phase. In this method, the granular temperature, which125

is a statistical measure of the fluctuating kinetic energy of the particles, was126

introduced and can be expressed as:127

3

2

[
∂

∂t
(αsρsΘs) +∇ · (αsρsΘi

#»v s)

]
=− ¯̄τs : ∇ #»v s +∇ · (κs∇Θs)

− 3βΘs − γs
(15)

The conductivity of the granular temperature is calculated from [29]:128

κs =
15

2

µdilutes

(1 + e)g0

[
1 +

6

5
αsg0(1 + e)

]2
+ 2α2

sρsdp(1 + e)g0

√
Θs

π
(16)
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The collisional energy dissipation term is given by [30]129

γs = 3(1− e2)α2
sρsg0Θs

[
4

dp

√
Θs

π
−∇ · #»v s

]
(17)

The radial distribution function denote the average distance between parti-130

cles and is calculated from an empirical relation[31]131

g0 =
1 + 2.5αs + 4.5904α2

s + 4.515439α3
s[

1− (
αs
αmaxs

)3
]0.67802 (18)

The total pressure tensor of the solid phase occurring in (5) and (15) is132

modelled similar to the Newton’s viscosity law:133

¯̄τs = −(−ps + αsµB,s∇ · #»v s)− αsµs
(
∇ #»v s + (∇ #»v s)

T − 2

3
(∇ · #»v s )̄̄I

)
(19)

where the solid pressure ps and the bulk viscosity µB,s is taken from [32]:134

ps = αsρsΘs[1 + 2(1− e)αsg0] (20)

µB,s =
4

3
αsρsdpg0(1 + e)

√
Θs

π
+

4

5
αsρsdpg0(1 + e) (21)

The solid phase shear viscosity can be modelled following the approach by135

[29]136

µs =
2µdilutes

αsg0(1 + e)

[
1 +

4

5
αsg0(1 + e)

]2
+

4

5
αsρsg0(1 + e)

√
Θs

π
(22)

in which the dilute viscosity µdilutes is expressed by:137

µdilutes =
5

96
ρsdp

√
πΘs (23)
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3. Interconnected model and numerical considerations138

3.1. Geometry of the reactors and the definition of the computational domain139

In the DLCFB system, the air reactor as well as the fuel reactor are operated140

in the fast fluidization regime in order to raise the fuel conversion with a better141

gas-solid contact of the upper part of the rector. Both reactors are 5 m heigh142

while the diameter of AR and FR are 0.23 m and 0.144 m, respectively. The143

graphical representation of this architecture can be found in [20]. The 2D plane144

geometry was chosen for the simulation of the two reactors, which is sketched145

in Figure 1 (b), having the same dimensions as the experimental setup. The146

computational domain was meshed by using uniform grids in each direction.147

Three different grid sizes (0.006 × 0.027 m, 0.0048 × 0.02 m, 0.004 × 0.016 m)148

were examined. The corresponding results are shown in Figure 2. It can be seen149

that the pressure profile predicted by the coarse grid is somewhat higher than150

the other two in the lower part of the reactors. However, overall no obvious151

differences are observed comparing the results for the three gird sizes. Consid-152

ering the simulation time and the numerical accuracy, the medium grid (0.0048153

× 0.02 m) was used in this study.154

3.2. Combination of two reactors155

Two different sets of coordinates and parameters were adopted to solve the156

governing equations for the AR and the FR, respectively. The solid flowing157

out of the AR is fed into the bottom of the FR, and in the similar way all158

the solids that exited at the outlet of FR will be injected into the bottom of159

the AR. The exchange of the solid flow between the reactor units were realized160

through the time-dependent inlet and outlet boundary conditions. At each161

simulation time step, the processes in the two risers were simulated separately,162

the solid flux of the inlet of one riser was calculated from the solid flowing out163

of the outlet of the other riser. In the experimental rig, this kind of continuous164

solid exchange is achieved by means of cyclones and divided loop-seals. The165

cyclones are neglected in the simulation by assuming the efficiency of cyclone is166
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equal to one. The bottom extraction/lift is replaced by an internal recirculation167

mechanism in order to keep the mass balance inside one reactor. In this way,168

a full loop was fulfilled for one time step. Then, another computation loop for169

next time step will run repeatedly.170

3.3. Initial and Boundary conditions171

Initially, there is no gas flow in the reactor and the bed is at rest with a172

particle volume fraction of 0.6. A uniform gas plug flow is applied at the inlets173

of the reactors, the inlet solid flux of one of the reactors was kept consistent with174

the outlet solid flux of the other one with a prescribed solid volume fraction at175

the inlet. The normal velocities at all boundaries are set to zero. The no-slip176

wall boundary condition was set for the gas phase while the solids were allowed177

to slip along the wall, following the equation (24) from [24].178

#»v s,z|wall =
dp

α
1/3
s

∂ #»v s,z
∂r

(24)

where #»v s,z is the axial velocity of the particles. r indicates the radial direction.179

For all scalar variables but pressure, Dirichlet boundary conditions are used180

at the inlet, while Neumann conditions are used at the other boundaries. For181

the pressure correction equations, all the boundaries except outlet were adopted182

Neumann conditions. At the outlet a fixed pressure is specified.183

3.4. Numerical Procedure184

The two-fluid model equations were discretized by the finite volume method185

and implemented in an in-house code. The algorithm is based on the work by186

Lindborg [23] and Jakobsen[24]. The second order central differential scheme187

was used to discretize the diffusion terms. In order to reduce the oscillation and188

keep higher-order accuracy of the numerical solution, a total variation diminish-189

ing (TVD) scheme was employed for discretizing the convention term [33, 34].190

In this scheme, cell face values are calculated from the combination of upwind191

scheme part and a central difference anti-diffusive part, which controlled by a192

smoothness function. In this way, a higher-order discretization scheme is used193
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in smooth regions and reduce to the first order at local extrema of the solu-194

tion. The upwind part is treated fully implicitly while the anti-diffusive part195

is treated explicitly. The SIMPLE algorithm for multiphase flow is selected196

for the pressure-velocity coupling [23, 24]. Due to the strong coupling of the197

two phases, the coupling terms are singled out from the discretized transport198

equations, and then the coupled equations are solved simultaneously by using a199

coupled solver. All the linear equation systems are solved by the preconditioned200

Bi-conjugate gradient (BCG) algorithm.201

4. Results and discussion202

4.1. Model validation203

For validating the interconnected model for the CLC process, the reported204

experimental data from Bischi et al.[20] was used. But in their experiments,205

only axial pressures along the reactors were measured. In order to characterize206

the capabilities of the model, another set of experimental data from another207

CFB system documented by Miller and Gidaspow [35] is simulated to test the208

hydrodynamic behaviours of a single riser. Details of the experimental condi-209

tions of the two systems are summarized in table 2 and 3, respectively. Other210

relevant simulation parameters are listed in table 4. The simulations were run211

for 30 s of real simulation time and the time average was taken in the period212

from 10 s to 30 s.213

4.1.1. Validation for single CFB model214

The governing equations used in the single riser model are the same as215

those used for the coupled CFB model developed above except the calibration216

parameter C in drag force model is 0.3. That is because the particle used for217

the single CFB model validation is different with the one used in the DLCFB218

model. The calibration parameter value can be adjusted and determined by219

comparing the calculated results with the experimental axial pressure drop and220

radial solid volume fraction data. Once the value C is determined for one kind221
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of particle, the parameter is fixed for the simulations with different operation222

conditions. The entry mass flux of the particles are set equal to the mass flux223

at the outlet to ensure all particles leaving the riser could be circulated back to224

the system.225

Figure 3 shows the calculated radial profiles of solid volume fraction and226

their comparison with experimental data. Three riser sections, at 1.86 m, 4.18227

m, and 5.52 m above the flow distributor, have been investigated. At 1.86 m228

above the inlet, Miller [35] reported that the riser is closely packed in a bubbling229

flow situation. Since the different inlet conditions between the experimental230

and calculated situation, it is reasonable to believe that there might be some231

discrepancies at the lowest section. When the height reaches 4.18 m and 5.52232

m, the predicted results generally agree with the measured data. However, the233

simulations clearly illustrate the inherent core-annular pattern of the solids flow.234

That is the particle concentrations are low in the center and high near the walls.235

Figure 4 shows the computed and measured radial distribution of axial solids236

velocities. The simulation results show a similar distribution which generally237

fits with the experimental results although the simulated velocities were slightly238

underpredicted at the upper section of the riser. In addition, the velocity profiles239

in the upper section are smoother than at the low region which is also captured240

in the simulation, this phenomena might be due to the retardation in the core241

velocity.242

4.1.2. Validation for coupled DLCFB model243

During the DLCFB experiment, a certain amount of the particles were244

present between the two reactors, so the initial inventory used in the simu-245

lations was calculated from the pressure drop between the reactor bottom and246

top from the experimental data.247

Figure 5 and Figure 6 display the predicted axial profile of the pressure248

compare with the experimental measurement in the FR and AR, respectively.249

Two different operating gas velocities (a) vg,AR = 2.1m/s, vg,FR = 1.8m/s and250

(b) vg,AR = 2.6m/s, vg,FR = 3.2m/s were applied when validating the model.251
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It can be seen that very good agreement was achieved for both reactors and252

only minor discrepancies occurred in the lower regions of the reactors, close to253

the inlets. The simulations were not expected to do well in these regions for two254

reasons. One reason for the deviations may be the simplified gas distribution255

used at the inlet, which is not strictly consist with the experiment. Besides,256

the simplified cylindrical shape of the bottom of the reactors may be another257

contributor to the difference. In general, the comparison between calculated258

results and the experimental data indicating the interconnected method used in259

this work is applicable for predicting the performance of DLCFB reactor system.260

4.2. Flow characteristics in the DLCFB261

A reference case is simulated in this section. The superficial velocity of the262

FR and AR are 2.6 m/s and 2.4 m/s, respectively. Flow characteristics of263

the DLCFB reactor system including the solid concentration distribution and264

velocity distribution are examined.265

The solid volume fraction profile of the DLCFB along the reactors height266

is illustrated in Figure 7. The dense and dilute regions can be observed. The267

solids accumulate in the bottom of the reactors and the solid volume fraction268

profile decrease exponentially along the height until the profile is reaching a269

constant value at the upper parts, below 2 %. So from this figure, it can be seen270

that both reactors are operated in the transition flow regime between the fast271

fluidization and the turbulent regime.272

Figure 8 shows the time-averaged radial profiles of solids volume fraction273

and axial velocity at different axial position above the entrance. A typical274

core-annulus particle distribution was established at different axial positions.275

The solids mainly accumulate and move downwards at the walls, whereas a276

dilute gas-solid stream flows upwards in the core of the riser. The flows are277

fully developed in the upper section of the reactors. Since both reactors are278

operating in the same fluidization regime, similar trends can be observed in279

both the FR and the AR. The radial solid distribution in the AR is more flat280

in the core region compared to the distribution in the FR, which is because the281
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diameter of the AR is larger than the FR.282

4.3. Effect of gas superficial velocity283

The gas superficial velocity is crucial for the gas-solid interaction and the284

solid exchange between the FR and the AR. An issue which is challenging in285

the chemical looping combustion is the maximization of the fuel conversion.286

The oxygen carrier oxidation has always been an easy task because of the faster287

oxidation kinetics in the AR than the reduction kinetics in the FR finalizing288

the fuel conversion. For this reason, the AR operation was kept the same and289

not changed whereas several superficial gas velocities of the FR were used to290

investigate the effect of increasing the FR gas velocity.291

The effect of changes in the FR velocity on the solid concentration profile292

is shown in Figure 9. As expected the increment in fuel reactor velocity caused293

lower solid concentration in the bottom region and higher solid concentration294

in the upper zone, which is due to the increased drag force with the increasing295

superficial velocity. In the AR, the solid concentration is not sensitive to the296

gas velocity in FR since the inlet gas velocity of the AR has maintained. The297

same phenomena also were observed in the experiments conducted by Bischi et298

al.[20].299

Figure 10 shows the averaged mass flow at the outlet of the two reactors.300

It is seen that the solid outlet flow in the FR raised, which is the consequence301

of a high concentration increase in the FR upper part. Whereas the values302

are almost constant in the AR. The amount of exchanged solid between the303

reactors is determined by the lower solid flow rate. So in the current operating304

conditions, the increased gas velocity in the FR enhanced the solid exchanges305

between the reactors. However increasing the FR gas velocity has the drawback306

of reducing the FR residence time, which might results in lower conversion of307

fuel.308

4.4. Effect of total solid inventory309

Another parameter which can be used to control the system performance is310

the total solid inventory (TSI). For this reason it is important to understand how311
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the reactor system responds to TSI variations. The same fluidization conditions312

were tested with four different inventories.313

The variation of the axial solid volume fraction profiles with the TSI are314

shown in Figure 11. The increased solid mainly accumulated in the lower part.315

The inflection point from dense region to dilute region is affected significantly316

by the TSI. When increasing the TSI, the inflection point will move upward.317

However the solid concentration is almost constant in the upper part, which318

results the averaged mass flow at the outlet are not sensitive to the increasing319

TSI, as shown in Figure 12. In addition, the flows within the two reactors are320

operated in the transition regime between the fast fluidization and the turbulent321

regime when the TSI is changed. Since the oxygen carriers are costly, further322

investigations are needed in order to optimise the amount of oxygen carrier323

required in the reactive system to maximum fuel conversion while minimizing324

the TSI.325

5. Conclusion326

A two-fluid model with a kinetic theory of granular flow closure was devel-327

oped to predict the behaviour of an interconnected DLCFB which can be applied328

to the CLC system. The configuration of the system consists of two reactors,329

the air reactor and the fuel reactor. Both reactors are operating in the fast330

fluidization regime. The model simulates each reactor separately and connect331

the two reactors through specific boundary conditions, in which the solid flow at332

the inlet of one reactor was set equal to the solid outlet flow of the other reactor.333

First, the model was validated against the experimental data obtained from a334

DLCFB system and a CFB system published in [20] and [35], respectively. The335

predicted results show good agreement with the measured data as well as the336

typical core-annulus flow characteristics of the riser can be observed, so the337

model is found to be applicable for predicting the performance of the system.338

The effects of operating conditions have been investigated. When increasing339

the FR superficial gas velocity, more particles in the FR were entrained into the340
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upper part of reactor which result in an increase in the outlet mass flow, indi-341

cating that the solid exchanged between the reactors was enhanced. When the342

total solid inventory was increased, the additional particles are more likely to343

accumulate at the bottom of both reactors. The model is sufficient for cold flow344

simulations. Further work continues to implement the reactive CLC system.345
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Nomenclatures353

C calibration parameter

C1, C2, Cb, Cµ turbulence model parameter

dp particle diameter, m

e coefficient of restitution
#»

FD drag force, kg/m2s2

#»g gravity acceleration, m/s2

g0 radial distribution function

¯̄I unit tensor

kg gas turbulent kinetic energy, m2/s2

# »

Mk interfacial momentum transfer of phase k, kg/m2s2

pk pressure of phase k, Pa

r radial coordinate, m

Rep particle Reynolds number

St turbulent kinetic energy production, kg/m2s2

t time s

U superfical gas velocity m/s

#»v k velocity of phase k, m/s

z axial position above the inlet, m

17



Greek letters

αk volume fraction of phase k

β interfacial drag coefficient

γs collisional energy dissipation, kg/m3s

εg turbulent energy dissipation rate, m2/s3

κs conductivity of granular temperature, kW/mK

µk viscosity of phase k, Pa · s

ρk density of phase k, kg/m3

¯̄τk stress tensor of phase k, Pa

¯̄τt turbulent stress tensor, Pa

Θ granular temperature, m2/s2

superscripts

dilute dilute

max maximum

subscripts

AR air reactor

B bulk

FR fuel reactor

g gas phase

s solid phase

t turbulent
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Table 1

Empirical parameters for the κ− ε model [24].

Cµ σ0 σε C1 C2 Cb

0.09 1.00 1.30 1.44 1.92 0.25

Table 2

Main geometric and operating parameters for DLCFB [20].

Description Unit Value

Reactor geometry

AR height m 5

AR diameter m 0.23

FR height m 5

FR diameter m 0.144

Particle properties

Mean particle size µm 50

Particle density kg/m3 7000

Operational condition

Operating pressure atm 1.0

Operating temperature K 293

Gas superficial velocity of AR m/s 2.1-2.6

Gas superficial velocity of FR m/s 1.8-3.2
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Table 3

Main geometric and operating parameters for CFB [35].

Description Unit Value

Reactor geometry

CFB riser height m 6.6

CFB riser diameter m 0.075

Particle properties

Mean particle size µm 75

Particle density kg/m3 1654

Operational condition

Operating pressure atm 1.0

Operating temperature K 293

Gas superficial velocity of inlet m/s 2.61

Table 4

simulation parameters.

Description Unit Value

grid size − 0.0048 × 0.02 m

Gas viscosity kg m−1s−1 1.82 × 10−5

Gas density kg/m3 1.2

Sphericity of particle − 1

Restitution coefficient of particles − 0.99

Time step s 1.0 × 10−4
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Figure 1: (a)Sketch of the double loop circulating fluidized bed reactor [20]. (b) Schematic of

the 2D computational domain
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Figure 2: Comparison of pressure profiles along the height of the FR and the AR with different

grid numbers
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Figure 3: Comparison of the radial distribution of solid volume fraction between simulation

and experiment results. (a) z=1.86 m; (b) z=4.18 m; (c) z=5.52 m.

27



−1 −0.5 0 0.5 1
−6

−4

−2

0

2

4

6

8

10

Normalized radial position [−]

S
ol

id
 a

xi
al

 v
el

oc
ity

 [m
/s

]

 

 
Simulation [This study]
Experiment [Miller and Gidaspow 1992]

(a)

−1 −0.5 0 0.5 1
−6

−4

−2

0

2

4

6

8

10

Normalized radial position [−]

S
ol

id
 a

xi
al

 v
el

oc
ity

 [m
/s

]

 

 
Simulation [This study]
Experiment [Miller and Gidaspow 1992]

(b)

−1 −0.5 0 0.5 1
−6

−4

−2

0

2

4

6

8

10

Normalized radial position [−]

S
ol

id
 a

xi
al

 v
el

oc
ity

 [m
/s

]

 

 
Simulation [This study]
Experiment [Miller and Gidaspow 1992]

(c)

Figure 4: Comparison of the axial solid velocity between simulation and experiment results.

(a) z=1.86 m; (b) z=4.18 m; (c) z=5.52 m.
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Figure 5: Comparison of pressure profiles in FR between simulation and experiment results
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Figure 6: Comparison of pressure profiles in AR between simulation and experiment results
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Figure 8: Radial distribution of solid volume fraction and axial solid velocity of the FR (a,b)

and AR (c,d) (conditions: UFR = 2.6, UAR = 2.4)
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Figure 9: Effect of superficial gas velocity in FR on the solid volume fraction along the height

of both reactors
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Figure 11: Effect of TSI on the solid volume fraction along the height of reactors
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Figure 12: Effect of TSI on the averaged mass flow at outlets of reactors
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