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1. Highlights  

 

 1D-model of membrane contactor based on ionic liquid for pre-combustion CO2 capture was 

developed. 

 Both wetted and non-wetted modes of operation of membrane were considered for model 

development. 

 The model was validated with experimental data and showed AARD value lower than 8%.  

 A new mass transfer resistance term was added to reflect the non-flat concentration profile in 

the liquid phase. 

 Separation performance of membrane contactor were systematically investigated.  

 

Abstract 

Mass transfer and mathematical modelling of CO2 absorption in a tubular membrane contactor 

using 1‑Butyl-3-methylimidazolium Tricyanomethanide ([Bmim][TCM]) for pre-combustion 

CO2 capture has been studied in this work. A 1D-model was developed based on resistance in 

series model and CO2 material balance. The developed model was validated with the 

experimental data, and good agreement was observed between the simulated and experimental 

results. A new mass transfer resistance term is added to reflect the non-flat concentration profile 

in the liquid phase. Simulation results indicate that the liquid phase resistance contributes 67 % 

and 44 % to the total mass transfer resistance for non-wetted and wetted modes of membrane, 

respectively. The resistance that occurred due to considering transport in liquid phase 
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contributes 31 and 20% for non-wetted and wetted modes of membrane contactor, respectively. 

CO2 flux along the axial length of membrane contactor was modeled, giving the maxima at the 

gas outlet. The influences of operational constraints including liquid/gas flow rates, operation 

pressure/ temperature, length of membrane contactor, and CO2 concentration in feed gas were 

also inspected.  

 

Keywords: CO2 capture; Pre-combustion; Ionic liquid; Mass transfer study; Membrane 

contactor; modelling 

Nomenclature 

 

Am Membrane area (m2) 

CIL Concentration of BmimTCM (mol.m-3) 

𝑪𝒄𝒐𝟐
𝑮  Concentration of CO2 in gas phase (mol.m-3) 

𝑪𝒄𝒐𝟐
𝑳  Concentration of CO2 in liquid phase (mol.m-3) 

𝑪𝒄𝒐𝟐
𝒊,𝒈

 Concentration of CO2 at the gas side on interface(mol.m-3)  

𝑪𝒄𝒐𝟐
𝒊,𝒍

 Concentration of CO2 at the liquid side on interface(mol.m-3) 

𝑪𝒄𝒐𝟐
𝒐𝒖𝒕 Concentration of CO2 at the gas outlet (-) 

dh Hydraulic diameter of membrane (m) 

di Inner diameter of membrane (m) 

do Outer diameter of membrane (m) 

𝑫𝒄𝒐𝟐,𝒎 Effective diffusivity of CO2 (m
2.s-1)  

𝑫𝒈,𝒄𝒐𝟐 Diffusivity of CO2 in gas phase(m2.s-1) 

𝑫𝒍,𝒄𝒐𝟐 Diffusivity of CO2 in liquid phase(m2.s-1) 

FG Molar gas flow rate (mol.m2.s-1) 

FL Molar liquid flow rate (mol.m2.s-1) 

GFR Gas volumetric flow rate (m3.hr-1) 

𝑯𝒄𝒐𝟐 Henry’s constant of CO2 (MPa) 

kg Gas side mass transfer coefficient (m.s-1) 

kl Liquid side mass transfer coefficient (m.s-1) 

km Membrane mass transfer coefficient (m.s-1) 

Kov Overall mass transfer coefficient (m.s-1) 

L Length of membrane contactor (m) 

LFR Liquid volumetric flow rate (m3.hr-1) 

m Dimensionless Henry’s constant (-) 

NCO2 CO2 absorption flux (mol.m2.s-1) 
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𝒏𝒄𝒐𝟐
𝒊𝒏  Mole fraction of CO2 at the gas inlet (-) 

𝒏𝒄𝒐𝟐
𝒐𝒖𝒕 Mole fraction of CO2 at the gas outlet (-) 

P Pressure (kPa) 

SG Area of shell side (m2) 

SL Area of tube side(m2) 

T Temperature (K) 

vG Superficial gas velocity (m.s-1) 

VG Volume of shell side (m3) 

vL Superficial liquid velocity (m.s-1) 

VL Volume of tube side (m3) 

𝝁𝑳 Dynamic viscosity of liquid(mPa.s) 

𝝆𝑳 Density of liquid (g.cm-3) 

δ Thickness of membrane (m) 

εm Porosity of membrane  (-) 

τm Tortuosity of membrane (-) 

µ𝒈 Viscosity of gas mixture (Pa.s) 

 

2. Introduction 

Greenhouse gas emissions (GHG) are believed to be the major contributions to the 

anthropogenic climate change. As the CO2 content represents about 80% of the total 

greenhouse gases, CO2 capture and storage (CCS) has been widely accepted as the most 

effective solution to ameliorating the rising climate temperature (Yu et al., 2008). Highly 

energy efficient and economically feasible technologies for CO2 capture are desired to reduce 

CO2 capture cost.  Compared to post-combustion and oxy-fuel, pre-combustion process has 

great potential for a low energy penalty due to the high CO2 partial pressure and hence the great 

separation driving force (Pardemann and Meyer, 2015). However, the severe operating 

conditions, such as the elevated feed gas pressure and temperature, make pre-combustion CO2 

capture process difficult. In the past few years many different capturing techniques have been 

studied for pre-combustion CO2 capture, such as absorption by physical and chemical solvents, 

adsorption, and membrane separations (Dai et al., 2016b; Martín et al., 2011; Padurean et al., 

2012; Rafiq et al., 2016; Scholes et al., 2010b).    

Membrane contactor is a hybrid technology of membrane separation and solvent absorption, 

which  offers many benefits such as high interfacial area, non-dispersive contact between the 

phases and avoiding flooding and foaming inside the contactor (Zhao et al., 2016). So far, a 

large number of different absorbents have been reported in membrane contactors for CO2 
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capture, including amines, amino acids salts, alkaline solutions, ammonia solutions and ionic 

liquids (ILs) (Ansaloni et al., 2016; Mansourizadeh and Ismail, 2009; Saeed and Deng, 

2016).  Amine-based aqueous solvents have been mostly reported in membrane contactors for 

post combustions (Zhao et al., 2016). However, membrane contactors for pre-combustion CO2 

capture have been rarely reported (Chau et al., 2016; Dai et al., 2016a; Dai and Deng, 2016b; 

Jie et al., 2014). The use of amine-based solvents for pre-combustion operating conditions is 

threatened by their high volatility, large degradation rate and high corrosion rate at the elevated 

operating temperature. On the other hand, ILs have also been studied as promising CO2 capture 

absorbents due to their unique properties such as negligible volatility, high CO2 solubility, 

superior thermal stability, and tailorable structures (Zhang et al., 2012). Compared with the 

commercial amine-based aqueous solvents, ILs offer not only better thermal stability that 

ensures the high temperature application, but also negligible volatility, which leads to lower 

solvent loss and lower regeneration energy consumption (Zhang et al., 2017). Despite these 

facts, limited literatures can be found for CO2 capture using ILs based membrane contactors 

(Dai et al., 2016a; Gomez-Coma et al., 2016; Gómez-Coma et al., 2014), and even less 

references can be found for mathematical modeling of this process (Chau et al., 2014a; Dai et 

al., 2016c; Gómez-Coma et al., 2016). 

The mathematical models for post-CO2 capture in membrane contactor has been addressed 

intensively using aqueous amine solutions to predict the separation performance and 

applicability range. Four types of modeling strategies are discussed and critically accessed by 

Chabanon et al. (Chabanon et al., 2013). Mathematical models based on constant overall mass 

transfer coefficient, one dimensional (1D), 1-2 dimensional and two dimensional (2D) were 

developed to foresee the membrane contactor performance. Constant overall mass transfer 

coefficient model takes into account the different mass transfer mechanisms in one parameter, 

i.e., the overall mass transfer coefficient (Kov), which makes the model very simple and 

performance is accessed quickly. The limitation of constant Kov model lies when loaded inlet 

solution would be used and CO2 concentration profile doesn't decrease exponentially due to 

change in liquid side mass transfer. In another study, 1D and 2D models are equated by 

Albarracin et al for isothermal and adiabatic conditions, respectively (Albarracin Zaidiza et al., 

2015; Albarracin Zaidiza et al., 2014). According to their findings, 1D and 2D model 

approaches provide quite similar results and relative difference of 2.88 % was found between 

both methodologies.  
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In our prior work, a membrane contactor process with closed cycle and continues flow using 

ILs as absorbent has been developed for pre-combustion CO2 capture (Dai and Deng, 2016b). 

Experimental study on the CO2 capture performances of the system has been investigated using 

a tubular SPG glass membrane and [Bmim][TCM] as absorbent at elevated temperature 

(RT~80 °C) and pressure (1~20 bar) conditions. However, the experimental study has 

limitations in investigating a broader range of the operating conditions or various membrane 

configurations (e.g., membrane length). Mathematical modeling can be a powerful tool to 

understand the mass transfer in the system, as well as to reduce the cost of optimization of the 

membrane contactor geometry and different operational parameters. 

The present work aims to develop a mathematical model to simulate the CO2 capture using ILs 

based membrane contactor at pre-combustion conditions (elevated temperature and pressure). 

The model developed in the current study will be integrated into Aspen HYSYS® for process 

simulation to further assess the economic feasibility of this process. The 1D model is built 

based on resistance in series model and mass balance in Matlab. A new mass transfer resistance 

term is added into the resistance in series model considering the very viscous liquid flow and 

the transport resistance in the liquid phase. The model was firstly validated with experimental 

data with this resistance term. Later on, the separation performances of the membrane contactor 

under different operational conditions were predicted, including gas/liquid flow rate, 

operational pressure/temperature, membrane wetting ratio and CO2 concentration in the feed 

gas. The effect of membrane length on CO2 capture efficiency was also investigated.  

3. System Characteristics 

Mass transfer of CO2 in a membrane contactor is illustrated in Figure 1.  The CO2 gas molecules 

diffuse from the bulk gas phase to membrane-gas interface, pass through the pores of 

membrane and finally being absorbed into absorbent in the liquid phase.  

The membrane contactor in this work consists of one centered tubular glass membrane in a 

tubular module with specifications given in Table 1. The porous SPG glass membrane is chosen 

on the basis of its high thermal stability and hydrophobic nature. The gas flows from the shell 

side and liquid passes through lumen side following parabolic velocity profile in counter 

current direction. 
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4. Model development 

A 1D- mathematical model is developed to evaluate the mass transfer in gas-liquid tubular 

membrane contactor. As the solubility of H2 in ionic liquids is remarkably lower compared to 

CO2 reported, the Henry’s constant of H2 was not considered for modelling of membrane 

contactor. The experimental data for physical absorbent 1-Butyl-3-methylimidazolium 

Tricyanomethanide ([Bmim][TCM]) is mainly taken from ref (Gurkan et al., 2013). Some 

assumptions are made to simplify the model as follows:  

 Steady state  

 Isothermal process 

 Concentration gradient considered in axial direction only 

 Membrane acts as a non-selective barrier 

 Uniform membrane pore distribution 

 Laminar liquid and gas flows in tube and shell sides 

 Henry’s law used to represent the gas-liquid equilibrium 

 Convective contributions neglected 

 Fick’s diffusion applied for membrane mass transfer  

The simplified block diagram of the model development is represented in the Figure 2.   

 

The physicochemical properties of [Bmim][TCM] and gases are presented in Tables 2 (a) and 

(b).  

 

 

A mathematical 1D-model has been developed by applying the mass balance over the tubular 

membrane contactor, which is portioned mainly into the gas, membrane and liquid sides. The 

steady state mass balance over the membrane contactor gives the following equations for gas 

and liquid sides: 

Gas phase molar balance 

0 = (𝑣𝐺𝑆𝐺  𝐶𝑐𝑜2
𝐺 )𝑧 − (𝑣𝐺𝑆𝐺𝐶𝑐𝑜2

𝐺  )𝑧+𝑑𝑧 − 𝑁𝑐𝑜2 𝑑𝐴       (1a) 

0 = (𝐹𝐺𝑆𝐺)𝑧 − (𝐹𝐺𝑆𝐺)𝑧+𝑑𝑧 − 𝑁𝑐𝑜2𝑑𝐴        (1b) 
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𝑑𝐹𝑔

𝑑𝑧
= −𝑁𝑐𝑜2  (

𝐴𝑚

𝑉𝐺
)          (1c) 

Liquid phase molar balance 

0 = (𝑣𝐿𝑆𝐿 𝐶𝑐𝑜2
𝐿 )𝑧+𝑑𝑧 − (𝑣𝐿𝑆𝐿𝐶𝑐𝑜2

𝐿  )𝑧 + 𝑁𝑐𝑜2 𝑑𝐴       (2a) 

0 = (𝐹𝐿𝑆𝐿)𝑧+𝑑𝑧 − (𝐹𝐿𝑆𝐿)𝑧 + 𝑁𝑐𝑜2𝑑𝐴        (2b) 

𝑑𝐹𝐿

𝑑𝑧
= −𝑁𝑐𝑜2  

𝐴𝑚

𝑉𝐿
           (2c) 

Where FG and FL are gas and liquid molar flow rates (mol/m2.s), NCO2 is the mass transfer flux 

of CO2 from the gas to the liquid phase through membrane, Am is the membrane area, VG and 

VL are the volumes of shell and tube side of the membrane contactor, respectively. The CO2 

absorption flux (NCO2) can be derived from the local driving forces of gas, membrane and liquid 

phases from equations 3, 4 and 5:    

𝑁𝑐𝑜2,𝑔 = 𝑘𝑔(𝐶𝑐𝑜2
𝑔

− 𝐶𝑐𝑜2
𝑔𝑚

)         (3) 

𝑁𝑐𝑜2,𝑚 = 𝑘𝑚(𝐶𝑐𝑜2
𝑔𝑚

− 𝐶𝑐𝑜2
𝑖,𝑔

)         (4) 

𝑁𝑐𝑜2,𝑙 = 𝑘𝑙(𝐶𝑐𝑜2
𝑖,𝑙 − 𝐶𝑐𝑜2

𝑙 )         (5) 

Where 𝐶𝐶𝑂2
𝑖  stands for concentration of CO2 at equilibrium with the liquid phase, 𝐶𝑐𝑜2

𝐿  is the 

concentration of CO2 in the bulk liquid phase. The term 𝐶𝐶𝑂2
𝑖  can be described by the 

dimensionless Henry’s law constant as: 

𝑚 =
𝐶𝑐𝑜2

𝑖,𝑔

𝐶𝑐𝑜2
𝑖,𝑙                                                                                                                                 (6) 

After introducing the dimensionless Henry’s law constant, the CO2 absorption flux in terms of 

overall driving force can be expressed as: 

𝑁𝑐𝑜2 = 𝐾𝑜𝑣 (
𝐶𝐶𝑂2

𝑔

𝑚
− 𝐶𝑐𝑜2

𝑙 )                               (7) 

The overall mass transfer coefficient can be modeled by resistance in series model and 

expressed as: 

𝐾𝑜𝑣
′ = (

1

𝑚𝑘𝑔 
+

1

𝐻𝑚 
+

1

 𝑘𝑙
)

−1

         (8) 
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kg, kl and km are defined as individual mass transfer coefficients for gas, liquid and membrane 

phases, respectively. These mass transfer coefficients can be estimated depend on the Reynold’ 

number range and geometry of membrane contactor.  

For the plug flow assumption, the concentration in the liquid phase follows parabolic profile 

and no concentration gradient is considered. However, in actual factor, there is concentration 

gradient due to transport resistance as presented in Figure 3 by dash line. To account for the 

transport resistance in the liquid phase, the concentration gradient is fitted to a second order 

polynomial (equation 9) in radius ‘r’ and inserting the boundary conditions (detailed derivation 

can be seen in the supporting information).  

𝐶 = 𝑎 + 𝑏𝑟 + 𝑐𝑟2            (9) 

Boundary conditions: 

At r=0, 
𝑑𝐶

𝑑𝑟
= 0 

At r=R, −𝐷
𝑑𝐶

𝑑𝑟
= 𝐾𝑜𝑣

′
(𝐶𝑅 − 𝐶𝑐𝑤) 

And the average concentration profile can be expressed as: 

< 𝐶 >=  
∫ 2𝜋𝑟 𝐶(𝑟)𝑑𝑟

𝑅
0

∫ 2𝜋𝑟 𝑑𝑟
𝑅

0

                                         (10) 

After solving the equation 9 and 10, the overall mass transfer coefficient follows the new form 

including transport resistance in liquid as: 

𝐾𝑜𝑣 =
1

𝑑𝑖
8𝐷𝑙,𝑐𝑜2

+
1

𝐾𝑜𝑣
′

(11) 

In which di represents the membrane inner diameter and Dl,CO2 denotes the diffusivity of CO2 

in liquid phase. 
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3.1 Liquid side mass transfer coefficient 

The liquid flow rate used in the experimental setup is in quite low range (20 mL/min), resulted 

in a small Reynold’s number. In this case, the liquid side mass transfer coefficient (kl) can be 

well estimated by the correlation given by Yang and Cussler (Yang and Cussler, 1986): 

𝑘𝑙 = 1.62 𝑅𝑒𝑙
0.33𝑆𝑐𝑙

0.33 (
𝑑𝑖

𝐿
)

0.33

(
𝐷𝑙,𝑐𝑜2

𝑑𝑖
)                   (12) 

L and di define the length and inner diameter of membrane contactor respectively while DCO2,l 

stands for CO2 diffusivity in liquid phase. 

3.2 Gas side mass transfer coefficient 

The gas flows in the shell side and the gas side mass transfer coefficients is proposed by (Yang 

and Cussler, 1986): 

𝑘𝑔 = 1.25𝑅𝑒𝑔
0.93𝑆𝑐𝑔

0.33 (
𝑑ℎ

𝐿
)

0.93

(
𝐷𝑐𝑜2,𝑔

𝑑ℎ
)        (13) 

Where DCO2,g denotes the diffusivity of CO2 in gas phase and dh the hydraulic diameter of shell. 

3.3 Membrane mass transfer coefficient 

Membrane side mass transfer coefficient based on non-wetted and wetted modes can be 

presented by equation 14: 

𝑘𝑚 =
1

1

𝑘𝑚,𝑔
(1−𝜑)+

1

𝑘𝑚,𝑙
(𝜑)

         (14) 

 

The term φ in equation 14 represents the wetting ratio of membrane pores. 𝑘𝑚,𝑔  is the 

membrane mass transfer coefficient for the non-wetted mode and 𝑘𝑚,𝑙 represents for the wetted 

mode and are given by equations 15 and 16.   

𝑘𝑚,𝑔 =
𝐷𝑐𝑜2,𝑚∈𝑚

𝛿𝑚 𝜏𝑚
          (15) 

𝑘𝑚,𝑙 =
𝐷𝑐𝑜2,𝑙∈𝑚

𝛿𝑚 𝜏𝑚
        (16) 

𝜖m, δm, τm represents the membrane porosity, thickness and tortuosity. DCO2,m denotes the CO2 

diffusivity in the membrane phase.  
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The diffusion in membrane phase can take place by two mechanisms, namely molecular 

diffusion and Knudsen diffusion. Molecular diffusion takes place when the pore size is larger 

than 10-5 m and Knudsen diffusion occurs for membrane pore size less than 10-7m. In our case, 

both molecular diffusion and Knudsen diffusion happens in the membrane phase. Thus, the 

CO2 diffusion coefficient in the membrane phase can be expressed as: 

𝐷𝑐𝑜2,𝑚 =
1

(
1

𝐷𝑐𝑜2,𝑚𝑜𝑙
+

1

𝐷𝑐𝑜2,𝑘𝑛
)
         (17) 

The molecular diffusion coefficient (DCO2,mol ) can be calculated as given in table 2b while 

Knudsen diffusion coefficient (DCO2,kn )can be estimated by (Boributh et al., 2011): 

𝐷𝑐𝑜2,𝑘𝑛 =
𝑑𝑝

3
√

8×106𝑅𝑇

𝜋𝑀𝑐𝑜2
         (18) 

 

3.4 Pressure drop  

Pressure drop is a critical parameter in determining mass transfer characteristics of a membrane 

contactor. If the pressure drop along the membrane module overtake the critical entry pressure 

of the membrane pores, it may cause bubbling or membrane wetting, both case will 

dramatically decrease the membrane separation efficiency. Pressure drop in the glass 

membrane contactor is predicted by a well-known correlation of Hagen- Poiseuille’s for 

laminar shell and tube side: 

∆𝑃𝑔 = −
32 𝜇𝑔 𝑣𝑔 𝐿

𝑑ℎ
2                       (19) 

∆𝑃𝑙 = −
32 𝜇𝑙 𝑣𝑙 𝐿

𝑑𝑖
2          (20) 

The vg and vl represent gas and liquid velocities, µg and µl represent viscosity of gas and liquid 

respectively.   

5. Numerical solution 

The developed equations for gas, liquid and membrane phases are ordinary differential 

equations with defined boundary values. These equations are solved by the collocation method 

in MATLAB program. The collocation method is subclass of method of weighted residuals 

which solves the boundary value problem. It yields discrete approximations to differential 
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operators by converting them into polynomials. The set of non-linear polynomial equations of 

several variables are then solved by f-solve routine in MATLAB.  

6. Results and discussion 

5.1 Model validation 

The experimental study using [Bmim][TCM] as absorbent was performed in a tubular glass 

membrane contactor in our previous work (Dai and Deng, 2016a). The developed model was 

validated by comparing the CO2-outlet concentration from the experimental data at different 

temperatures and pressures. The results are shown in Figure 4. The accuracy limit of the 

experimental and modeling data was estimated by the absolute average overall deviation 

(AARD), which is computed as: 

𝐴𝐴𝑅𝐷 =
1

𝑁
∑ 100 

|𝐶𝑐𝑜2,𝑚𝑜𝑑
𝑜𝑢𝑡 −𝐶𝑐𝑜2,𝑒𝑥𝑝

𝑜𝑢𝑡 |

𝐶𝑐𝑜2,𝑒𝑥𝑝
𝑜𝑢𝑡

𝑁
𝑖=1                                                                    (21) 

It can be clearly observe from Figure 4 that the model (solid line) shows a good agreement with 

the experimental results over the whole operating pressure range (1~20 bar), and even smaller 

deviations can be found at lower operating pressure conditions (up to 5bar), where the AARD 

value is always lower than 3 %. The AARD value is bigger (4 - 8%) at higher pressures (10-

20bar), especially at lower temperatures. The AARD value in this work is comparable with 

other reports. For example, Chau et al. studied the separation of shifted syngas CO2 separation 

from H2 using a physical absorbent in membrane contactor (Chau et al., 2014b). They 

compared the experimental and modelling results, and AARD values of 4 - 9 % were obtained 

in the temperature range of 25-100 oC at 10 bar.  

This deviation can be attributed to the correlations used to estimate the physical properties of 

gas and liquid phases, which is rarely extended to our operating pressure (up to 20 bar) and 

temperature (up to 80 °C) conditions. In addition, Helium is used as surrogate of H2 in the 

experimental work due to safety issues, which may slightly vary both in gas solubility and 

diffusivity. 

  

  

 

The deviation from experimental results becomes more significant as pressure increases to 20 

bar, where the maximum deviation value of 8 % was noted for the case of pressure at 20 bar 
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and temperature at 22 oC. At low temperatures, the ionic liquid was quite viscous and it was 

challenging to run the experiments at low temperatures. This could have resulted in a bigger 

deviation of experimental values from model prediction. As the liquid side mass transfer 

resistance is dominating, the high viscosity of liquid and thus the low diffusivity of CO2 in the 

liquid are the key factors of this deviation. As [Bmim][TCM] possesses a higher viscosity (30 

mPa.s) compared to conventional aqueous amine solvents, the diffusivity of CO2 in the liquid 

phase in this system is lower.  

Another prime reason for the deviation could be the pore wetting of the membrane (dash line 

in Figure 4). As the membrane contactor is operated at elevated pressure conditions, the control 

of the pressure over the membrane between gas and liquid phases is difficult. A slight drafting 

of the pressure difference away from the optimal pressure range could give rise to pore wetting. 

Pore wetting has been observed in experiment as reported in our previous study (Dai and Deng, 

2016b). In addition, the contact angle of the membrane surface decreased after several 

experimental runs, which makes the pore wetting more serious. Thus, the pore wetting was 

considered in the model and it improved the accuracy of the prediction of CO2-outlet values. 

In this case, model predicted the experimental data with the AARD of only about 1.4%. This 

confirmed the pore wetting in the membrane.  

5.2  Axial concentration profiles of CO2 in gas phase  

The model predicts the concentration profiles for CO2 in gas phase along the axial length of 

membrane contactor, as illustrated in Figure 5. The dimensionless concentration of CO2 in gas 

phase decreases along the length of the membrane contactor. The gas enters the contactor at 

position z=0 and leaves at z=L. The CO2 concentration at z=0 shows the maximum value (1) 

and reduces to 0.78 at the gas outlet (z=L). The percentage decrease in the gas phase 

concentration is recorded to be 22%. It means that about 22% of CO2 from the gas phase has 

passed into the liquid phase through a tubular membrane of 0.26m in length. 

First, there is steady decrease in the concentration and then sharply reduces after the half-length 

of the membrane contactor. This total amount of CO2 transport through the membrane phase 

can be enhanced by increasing the length of membrane contactor. The length of membrane 

contactor can be optimized based on the CO2 capture efficiency.  

The effect of membrane contactor length on CO2 capture efficiency is also studied, as presented 

in Figure 6. The CO2 capture efficiency is calculated as described in equation 22, and other 
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operational parameters such as gas and liquid flow rates, temperature and pressure are kept 

constant.  

η =
(𝑛𝑐𝑜2

𝑖𝑛 −𝑛𝑐𝑜2
𝑜𝑢𝑡)

𝑛𝑐𝑜2
𝑖𝑛 ×  100                                                                                       (22) 

The increase of membrane contactor length up to 1.0 m results in an increase in CO2 capture 

efficiency, and then the influence of the length becomes less and less significant, and finally 

the plot is almost flattened. It indicates that maximum CO2 absorption efficiency (18%) can be 

achieved with these operational conditions. The liquid and gas flow rates also affect in 

determining the length of the membrane contactor. The optimal length of membrane contactor 

can be estimated for specific operating conditions.  

5.3  Axial profile of CO2 absorption flux 

The mass transfer performance of many gas-liquid contacting device has usually been reported 

in the term of CO2 absorption flux. In this work, the CO2 absorption flux in [Bmim][TCM] 

along the length of the glass tubular membrane contactor is calculated from equation 7, as 

presented in Figure 7. 

The CO2 absorption flux at the gas inlet (z=0) is 5.28E-5 mol m-2s-1 and it increases to 9.62E-5 

mol m-2s-1 as the gas passes through the membrane contactor. The absorption flux is quite 

comparable with aqueous amine and alkali (NaOH) solutions based membrane contactors 

(Marzouk et al., 2012; Zhang et al., 2006). For instance, Zhang observed the absorption flux in 

the range of 10-4 mol m-2s-1 for 2M DEA aqueous solution at atmospheric pressure. Marzouk 

et al.(Marzouk et al., 2012) studied the removal of CO2 and H2S using NaOH solutions at high 

pressure conditions. The absorption flux values are in the range of 10-4-10-3 mol/m2.s, which 

are 10 times higher than the flux achieved in this case. The difference in the flux values could 

have stemmed from chemical reaction between absorbent and CO2 in these cases, while 

physical absorbent is used in our study. Another reason could be the much higher viscosity of 

the IL absorbent than the aqueous solutions. 

5.4 Assessment of mass transfer resistances 

The resistance caused by the boundary wall layer is considered in the present study. Individual 

mass transfer resistances for each phase are represented in Table 4 both for wetted and non-

wetted conditions.  
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These mass transfer resistances are tabulated for 20 bar pressure and 80 oC temperature. The 

liquid phase mass transfer resistance is the controlling step as it dominates the overall mass 

transfer resistances by contributing up to 67 % to the overall resistance. The liquid side mass 

transfer coefficient is proportional to the CO2 diffusivity in a liquid phase. The diffusivity 

correlation used for the estimation incorporates the liquid viscosity as inverse function. At 

room temperature, the viscosity of [Bmim][TCM] is quite high (31 mPa.s) compared to many 

other physical absorbents for CO2 capture. For example, viscosity if max 5.8 mPa.s was 

reported for selexol solvent (Chabanon et al., 2014). The viscosity of [Bmim][TCM] reduces 

to 5 mPa.s at 80 oC. Another parameter that influences the liquid side resistance is the liquid 

velocity. However, the liquid flowrate in experiments was fixed at 20 mL min-1 in this work as 

discussed earlier.  

The other prominent resistance term that accounts 31 % of the total resistance is due to transport 

resistance in liquid phase as described in section 3. This resistance term takes into account the 

diffusivity of CO2 in liquid, which is quite low due to the high viscosity of [Bmim][TCM]. 

Surprisingly, the membrane mass transfer resistance is the least (0.022 %) among all resistances 

for non-wetted mode of operation, but it takes up 34 % in the total resistance for the wetted 

membrane case. Consequently, the liquid and membrane resistances dominates the mass 

transfer in case of wetted membrane mode.    

The contribution of the different mass transfer steps suggest that to reduce the liquid phase 

resistance is the most effective approach, and membrane pores should be kept non-wetted. The 

liquid phase resistance may be reduced by increasing the liquid velocity; The effect of liquid 

flow rate on overall mass transfer flux will be presented in section 5.6. Liquid side mass transfer 

coefficient is also inversely dependent on its viscosity. To reduce the liquid phase viscosity, 

blend IL absorbent with low viscous co-solvent, such as low molecular weight PEG (Li et al., 

2016; Usman et al., 2016), can be used.  

5.5 Effect of pressure and temperature on CO2-capture efficiency  

It has been widely reported that the operational pressure and temperature have significant 

influence on the mass transfer for both physical and chemical absorptions. However, so far 

most of the reported literature covers the post-combustion CO2 capture that operates at 

atmospheric pressure. In this work, the separation is at pre-combustion conditions, and CO2 

partial pressure is much higher. The increase in pressure could enhance the driving force for 

mass transfer and result in higher mass transfer flux. In order to analyze the performance of 
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membrane contactor, the CO2-capture efficiency (η) is calculated for different pressure and 

temperature values by equation 22 and results are presented in Figure 8.  

 

 The CO2-capture efficiency shows a linear increasing trend with respect to pressure. The 

pressure increase enhances the CO2 mass transfer driving force and thus the absorption flux, 

resulting in a larger CO2-capture efficiency. It showed an increment of about 11% in CO2-

capture efficiency by increasing the pressure to 20 bar from atmospheric pressure. On the other 

hand, the CO2-capture efficiency is slightly reduced from 11 % to 9 % by increment in 

temperature. There is no appreciable change in the CO2-capture efficiency at atmospheric 

pressure to 10 bar for all temperatures and the same trend was observed during the experimental 

run for CO2 flux values as reported in (Dai and Deng, 2016a). It can be concluded that 

temperature has negligible effect on the CO2-capture efficiency compared to the pressure. The 

lower viscosity of the liquid at high temperatures resulted in low liquid side mass transfer 

resistance but at the same time the solubility of CO2 in ionic liquid also decreased by increasing 

the temperature. From these observations, it can be proposed that the CO2 capture efficiency 

showed maximum at 20bar pressure and 293.15K. However, the viscosity of ionic liquid will 

get lower at higher temperature and become comparable to other physical absorbents such as 

polypropylene carbonate, methanol and DMEPEG (Chabanon et al., 2014). Thus, the influence 

of temperature should be considered in the design of this membrane absorption-desorption 

process.  

5.6 Effect of gas and liquid flow rates on contactor performance 

Operational parameters such as liquid and gas flow rates determine the performance of gas-

liquid contacting device and these affect the CO2 capture efficiency and overall mass transfer. 

Sensitivity of these parameters is investigated in this section. Figures 9 (a, b) illustrate the effect 

of gas and liquid flow rates on CO2 absorption flux. The liquid flow rate was fixed to 20 mL 

min-1, and CO2 absorption flux and thickness of boundary layer were estimated in a gas flow 

rate range of 20 to 350 mL min-1. 

Thickness of liquid boundary layer is defined as: 

𝛿𝐵.𝐿(𝑚) =
𝐷𝑙,𝑐𝑜2

𝑘𝑙
                                                                                                          (23) 
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As shown in Figure 9 (a), the CO2 absorption flux increases from 6.52E-05 mol m-2 s-1 to  

1.11E-04 mol m-2 s-1 with increasing the gas flow rate from 20 to 350 mL min-1.  The CO2 

absorption flux firstly boosted at up to 150 mL min-1 and then it improvement becomes much 

slower at a higher gas flow rate. Therefore, further increase in the gas flow rate didn’t improve 

the absorption process.  

The effect of liquid velocity on CO2 flux is also investigated. The results are shown in Figure 

9 (b). As can be seen, increasing liquid flow rate can reduce the liquid boundary layer thickness 

and increase CO2 absorption flux. Increasing the liquid flow rate from 56 ml min-1 to 350 ml 

min-1 results in the improvement of the CO2 absorption flux for about 24 %, and the reduction 

in the boundary layer thickness for approximately 60 %. Due to the large driving force at 20 

bar, it can be reasonable to conclude that the effect of liquid flow rate on enhancing the CO2 

absorption flux is more significant than that of the gas flow rate. The optimum gas and liquid 

flow rates can be estimated for the maximum achievable absorption flux in the membrane 

contactor.    

5.7 Effect of CO2 concentration in feed gas 

The CO2 concentration in syngas may vary from 30% to 55% (Scholes et al., 2010a). Therefore, 

it is important to analyze how CO2 concentration in syngas can affect the membrane contactor 

performance. Figure 9 represents the CO2-capture efficiency as a function of CO2 gas 

concentration (%) in the feed for wetted and non-wetted conditions. The feed with higher CO2 

concentration resulted in greater CO2-capture efficiency values for both the cases.  

 

The increment in concentration of CO2 in feed gas lifts the partial pressure of CO2 and 

concentration gradient increases at the interface. This produces the enhanced CO2 absorption 

flux, and better CO2-capture efficiency is obtained. There is roughly an increment of about 47% 

in CO2 capture efficiency with the feed gas concentration increasing from 30% to 55% for both 

modes of operation. Overall, the captured CO2 is reduced to 25% for wetted mode compared 

to that of the non-wetted mode at 50% feed gas concentration. The membrane resistance would 

add to the overall mass transfer significantly for wetted mode, and thus less CO2 will be 

absorbed.   
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7. Conclusions 

A one dimensional (1D) mathematical model was developed to analyze the mass transfer and 

CO2 capture performance of an ILs based membrane contactor at elevated temperatures and 

pressures.  The model predicted the CO2 concentration at the gas outlet and the simulation 

results were validated with the experimental data, showing the accuracy of the model with the 

AARD value in the range of 0 - 8 %. The axial profiles for CO2 concentration and CO2 

absorption flux were predicted along the length of membrane contactor. 

The simulation results reveal the following facts: 

(1) The pressure and CO2 concentration in the feed give more significant influence on the 

CO2 capture efficiency than the operating temperature;  

(2) The increase in the gas/liquid flow rate could reduce the gas/liquid film boundary layer 

thickness and thus increase the CO2 absorption flux;  

(3) Increasing membrane length can increase the CO2 capture efficiency, and CO2 

absorption flux increased by two-fold with increment in length of membrane contactor 

up to 1m.   
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Figure 1. Schematic representation of a gas-liquid membrane contactor 
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Figure 2. Simplified block diagram of the mathematical model 
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Figure 3. The concentration profile in the liquid phase 
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Figure 4. Model validation for CO2-outlet concentration as function of temperature for completely wetted and 

non-wetted membrane modes; experiments (round symbol), model-wetted mode (dash line), model-non-wetted 

mode (solid line). Gas flow rate=56 mL min-1, liquid flow rate=20 mL min-1   
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Figure 5. Concentration of CO2 in the gas phase along the axial coordinates. Temperature=80 oC, pressure=20 bar, 

gas flow rate=56 mL min-1, liquid flow rate=20 mL min-1, effective membrane length=260 mm.  
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Figure 6. Effect of length of membrane contactor on CO2 capture efficiency; pressure=20 bar, temperature=80 oC, 

gas flow rate=56 mL/min, liquid flow rate=20 mL/min 
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Figure 7. Absorption flux of CO2 in liquid absorbent along the length of membrane contactor. Temperature=80 

oC, pressure=20 bar, gas flow rate=56 mL min-1, liquid flow rate=20 mL min-1 
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Figure 8. Influence of system pressure on CO2-capture efficiency in membrane contactor; gas flow rate=56 mL 

min-1, liquid flow rate=20 mL min-1 
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Figure 9. The effect of gas flow rate (a) and liquid flow rate (b) on CO2 mass transfer flux; pressure=20 bar, 

temperature=80 oC, gas flow rate= 56 mL min-1 
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Figure 9. The effect of CO2 concentration in feed syngas on CO2- efficiency for non-wetted (solid line) and wetted 

modes (dash line); pressure=20 bar, temperature=80 oC, gas flow rate=56 mL min-1, liquid flow rate=20 mL min-

1 

 Table1. Specifications of hydrophobic SPG glass membrane contactor  

Parameter Value Units 

Thickness (δ)  0.2 mm 

Inner diameter of membrane (di) 10 mm 

Outer diameter of membrane (do) 10.4 mm 

Shell hydraulic diameter (dh) 9.6 mm 

Tortuosity (τm)  3  

Porosity of membrane (εm) 0.57 - 

Shell side area (SG) 7.84E-3 m2 

Tube side area (SL) 8.16E-3 m2 

Number of tubes 1 - 

Active length (L) 0.260 m 
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Table 2a. Physical properties of [Bmim][TCM]  

Property  Value  Units Ref. 

Density 𝜌𝐿 = 1.24018 + (−6.51429 × 10−4 𝑇) g.cm-3 (Zubeir et al., 2015) 

Viscosity 
𝜇𝐿 = exp (−1.639 + (

594.522

𝑇 − 178.409
) 

mPa.s (Zubeir et al., 2015) 

Henry constant  
𝐻𝑐𝑜2 = 1166.5 𝑒𝑥𝑝 (

−1633

𝑇
) 

 

MPa (Zubeir et al., 2015) 

 

Table 2b. Physical properties of gases 

Property Value Units Ref. 

Molar volume of CO2 26.9 cm3.mol-1 (Fuller et al., 1966) 

Molar volume of H2 7.07 cm3mol-1 (Fuller et al., 1966) 

Viscosity of gas mixture 
µ𝑔 = 10−6.

𝑍2𝐹𝑝𝐹𝑞

𝜉
 

Pa.s (Lucas, 1980) 

 

Diffusivity of CO2 in gas phase 𝐷𝑔,𝑐𝑜2 =
10−8𝑇1.75√[

1
𝑀𝐶𝑂2

+
1

𝑀𝐻2
]

(0.01𝑃)[(𝑣𝑐𝑜2)0.33 + (𝑣𝐻2)0.33]2
 

 

m2.s-1 

 

 

(Fuller et al., 1966) 

Diffusivity of CO2 in liquid phase  
𝐷𝑙,𝑐𝑜2 = 2.66 × 10−8

1

𝜇𝐿
0.66  𝑣𝑐𝑜2

0.129 
m2.s-1 (Morgan et al., 2005) 
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Table 3. Operational parameters and constraints used in simulations 

Parameter Description  

Temperature (T) 22 -80 oC  

Gas phase inlet pressure (Pg) 1-20 bar  

Liquid phase inlet pressure (Pl) 1-20 bar  

Feed gas composition of CO2 45 % (by volume)  

Absorbent concentration(at 22 oC) (CIL) 4.570 mol.L-1  

CO2-loading in absorbent at inlet Fresh solvent (0)  

Liquid flow rate  (LFR) 20 ml.min-1  

Gas flow rate (GFR) 56 ml.min-1  
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Table 4. Contributions of mass transfer resistances of gas, liquid and membrane phases to the overall mass 

transfer resistance 

Phase Contribution 
to overall resistance(%) 

non-wetted mode 

Contribution 
to overall resistance(%) 

wetted mode 

 

Gas 1.9 1.2 

Membrane 0.02 34.4 

Liquid 67.0 44.0 

Transport in liquid phase  31.1 20.4 

 

 

 


