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Abstract

A gas-to-liquid (GTL) process is one where natural gas is converted to synthetic fuels

and other products. Our main focus is on the conversion of natural gas to liquid fuels

by means of Fischer-Tropsch synthesis (FTS). In addition the possibility of integrating

ammonia production with FT process is investigated. FTS is a commercial technology

that allows converting synthesis gas, a mixture of CO and H2, into fuels and chemicals.

The objective is to improve profitability by increasing the energy and carbon efficiencies

through better process design, operation and integration. There is also a great incentive

to reduce the investment cost in order to make such plants profitable at higher natural gas

prices. This process could be one of the players in the reduction of our dependency on oil.

Conceptual design of a once-through GTL plant is performed which is suitable for place-

ment on a Floating Production, Storage and Offloading (FPSO). Almost in all GTL plants

that use autothermal reformer (ATR), pure oxygen is used as oxidant. In our design,

enriched-air is proposed to be used instead. Two different membrane technologies are ap-

plied to produce enriched-air and separate H2 from CO2. FT reactor staging with product

cooling and separation is performed in the design which resulted in increased production

of heavy hydrocarbons. One of the distinguishing features of this design compared to other

designs is that natural gas feed passes through two parallel paths: one for production of

syngas and one for H2 production. The produced H2 is partly injected between stages and

partly sent to product upgrading. H2 injection between stages will increase the produc-

tion of heavy hydrocarbons. The proposed process is self sufficient in terms of water and

power, therefore can be used in remote locations.

In order to increase the profitability of the proposed GTL process, co-generation of am-

monia with GTL products is investigated. In this process, without any change to the GTL

process and with addition of a few extra equipment, co-generation of ammonia is achieved.

This process is still self-sufficient with water and power. The estimated total capital in-

vestment of the combined GTL-ammonia process is about 900 million USD of which the

ammonia process alone constitutes only 7%.

Having accurate kinetic models is very important in process simulation and results will

depend on the choice of kinetic model used. Therefore it is vital to have kinetic models

that correctly capture major variations in reaction rate subject to process conditions. In

order to find a suitable model for the FT reaction, a kinetic model structure is regressed to

microchannel experimental data of Yang et al. (2016). The fitted models for reaction rate

and chain growth predict the reaction rate and selectivities to CH4 and C5+ quite well.

The syngas production step is one of the most costly steps in a GTL plant. It is common

practice to use oxygen as oxidant in the reforming step. However, by the introduction

of microchannel reactors with their remarkable heat transfer characteristics, high active

catalyst site exposure to reactants and therefore high once-through conversions, the use

of enriched-air maybe justified. To test this hypothesis, comparison is done in the use of

enriched-air versus pure oxygen in the reforming step of a GTL plant utilizing an ATR,

while microchannel reactors are used in the once-through Fischer-Tropsch step. Pure oxy-



gen is provided by a cryogenic Air Separation Unit (ASU) and enriched-air by use of air

separation membranes. By using pure oxygen less FT reactor volume is required which

means lower reactor cost at the expense of having a costly cryogenic ASU. The estimated

operating cost of ASU is lower than air membrane, while its installed cost is higher. Due

to safety and space issues of having a cryogenic ASU offshore, the only viable option is

the use of enriched-air, while in an onshore setting, the use of oxygen is more attractive.

Finally, systematic staging or the path optimization method of Hillestad (Hillestad, 2010)

is applied on the Fischer-Tropsch synthesis with microchannel reactors. Optimization is

done on the total reactor volume of the FT synthesis and the volume distribution between

stages, in addition to hydrogen distribution and coolant temperature. The productivity is

maximized subject to constraints on a maximum reactor temperature and a minimum con-

version. Considerable reduction of reactor volume is obtained through path optimization.
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Bp Dimensionless parameter related to catalyst particle –

C+
5 Lump of hydrocarbon components containing 5 or more carbon atoms –

cp,i Heat capacity at constant pressure of component i kJ/(kgK)
c̄p Average heat capacity at constant pressure kJ/(kgK)
Dp Particle diameter m
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diag() Diagonal matrix –

E Activation energy kJ/mol
f0
i Reference fugacity taken to be 1 atm atm

fi Component fugacity atm

h Enthalpy kJ/kg
H Scaling parameter for the lumps of components –

hext Heat transfer coefficient of cooling water kW/(m2 K)
hw Heat transfer coefficient of boundary layer inside the tube kW/(m2 K)
Ka Equilibrium constant in terms of activities –

Ki Equilibrium constants Varying
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L Length of channels m
Mi Molecular weight of component i g/mol
n Carbon number –

n̄ Average carbon number of lump –

N Dimensionless parameter –

Nc Number of components –
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pi Partial pressure of component i bar or MPa
Pr Prandtl number –

Q̇ Heat flow kW
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rp Propagation rate of chain growth –

rt Termination rate of chain growth –

Rep Reynolds number of particle –

S Vacant site fraction –

Sci Selectivity to Ci –

S/C Steam to carbon ratio –

sw Tube wall or channel wall thickness m
T Reactor temperature K

T̄ Average temperature K

TNB Normal boiling point temperature ◦C
U Overall heat transfer coefficient kW/(m2 K)
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uA Catalyst dilution design function –
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W Mass flow rate kg/s
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XCO CO conversion –

xF Extra feed composition/temperature distribution design function –
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α Propagation probability or chain growth probability –

α1 Propagation probability for paraffin production –

α2 Propagation probability for olefin production –

αM Propagation probability for methane production –
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β Heat transfer area design function kg/(m3 s)
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εbed Bed’s void fraction –

θ Dimensionless temperature –
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λf Fluid thermal conductivity W/(mK)
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Chapter 1
Introduction

In this chapter a general introduction to GTL process is provided.

1.1 Gas to Liquid conversion
Huge amounts of associated gas are flared daily worldwide. The total gas volume flared

yearly is estimated at 143 (±13.6) billion cubic meters (BCM), corresponding to 3.5%

of global production (Elvidge et al., 2016). Figure 1.1 depicts the spatial distribution of

natural gas (NG) flaring in 2012. Moreover, there are vast amounts of stranded gas reserves

which are unused mainly because of being located in far away places. Converting NG to

liquid products, such as liquified natural gas (LNG), FT products, ammonia, etc. is one

option in utilizing these reserves (Figure 1.2). In this thesis, the main focus is on FT and

ammonia processes. As shown in Figure 1.3, syngas, which is a mixture of H2 and CO,

is the main ingredient in the production of many chemicals such as Methanol (MeOH),

Dimethyl ether (DME) and liquid fuels (CnHm).

1.2 Main steps in a GTL plant
There are three main steps in a GTL plant, which are shown in Figure 1.4: synthesis gas

(syngas) production, FT synthesis and product upgrading. These steps are explained in the

next sections.

1.3 Syngas production technologies
Syngas, a mixture of H2 and CO, can be produced from any carbon-based feedstock (hy-

drocarbons, coal, petroleum coke, biomass). Among all, the lowest cost routes to syngas

1



Chapter 1. Introduction

Figure 1.1: Spatial distribution of natural gas flaring in 2012 (Elvidge et al., 2016)

so far are based on natural gas (Wilhelm et al., 2001).

Sulfur removal, adiabatic pre-reforming and main reforming are the main steps in the

syngas production. Depending on the carbonaceous feedstock and the applications of

the syngas, there are different methods of producing syngas: catalytic steam methane

reforming (SMR), two-step reforming, autothermal reforming (ATR), partial oxidation

(POX), and heat exchange reforming. Advantages and disadvantages of each technology

are shown in Table 1.1. Wilhelm et al. (2001) suggest that two-step reforming and ulti-

mately ATR should be the technologies of choice for large-scale GTL plants. The choice

of syngas production method influences the downstream equipment in terms of equipment

sizes, compression requirement and heat integration of the plant. In our design, ATR and

Heat Exchange Reformer (gas heated reformer) are used for syngas and hydrogen produc-

tions, respectively.

If there are heavier hydrocarbons present in the feed, a pre-reformer is used. In the pre-

reformer all heavier hydrocarbons than methane are converted to CO, H2, CH4 and CO2.

Depending on the process that requires syngas, different H2/CO ratios may be required.

Table 1.2 shows the means and techniques to alter the syngas composition. Approximate

variation in H2/CO ratio that can be achieved by using these techniques are shown in Table

1.3.

1.4 Fischer-Tropsch synthesis

In Fischer-Tropsch synthesis, syngas is converted to a wide range of hydrocarbon products

including paraffins, olefins, oxygenates, etc.

2
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Table 1.1: Comparison of syngas generation technologies with natural gas feed (Wilhelm et al.,

2001)

Technology Advantages Disadvantages

SMR

Most extensive industrial experience
H2/CO ratio often higher than required
when CO also is to be produced

Oxygen not required Highest air emissions
Lowest process temperature requirement
Best H2/CO ratio for hydrogen production applications

Heat exchange
reforming

Compact overall size and footprint Limited commercial experience
Application flexibility offers additional options

for providing incremental capacity
In some configurations must be used
in tandem with another syngas generation technology

Two-step reforming
Size of SMR is reduced Increased process complexity
Low methane slip favors high purity syngas applications Higher process temperature than SMR
Syngas methane content can be tailored

by adjusting secondary reformer outlet temperature
Usually requires oxygen

ATR

Natural H2/CO ratio often is favorable Limited commercial experience
Lower process temperature requirement than POX Usually requires oxygen
Low methane slip
Syngas methane content can be tailored

by adjusting reformer outlet temperature

POX

Feedstock desulfurization not required.
Low natural H2/CO ratio is a disadvantage
for applications requiring ratio>2.0.

Absence of catalyst permits carbon formation
and therefore operation without steam
significantly lowering syngas CO2 content

Very high process operating temperatures

Low methane slip Usually requires oxygen
Low natural H2/CO ratio is an advantage

for applications requiring ratio<2.0
High temperature heat recovery and
soot formation/handling adds process complexity
Syngas methane content is inherently low
and not easily modified to meet
downstream processing requirements

Table 1.2: Techniques for adjusting syngas H2/CO ratios (Wilhelm et al., 2001)

Decreases ratio Increases ratio

Recycle CO2 *

Import CO2 *

Remove H2 via membrane *

Remove CO2 *

Increase steam *

Add shift converter *

Table 1.3: Approximate variation in H2/CO ratio for natural gas feed (Wilhelm et al., 2001)

SMR Two-step reforming∗ ATR POX

Import CO2 or remove H2 via membrane <3.0 <2.5 <1.6 <1.6

Total CO2 recycle 3 2.5 1.6 1.6

No CO2 recycle 5 4 2.65 1.8

Increase steam >5.0 >4.0 >2.65 >1.8

Add shift converter ∞ >5.0 >3.0 >2.0

* SMR followed by oxygen-blown secondary reforming

3
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Figure 1.2: Monetization options of stranded gas reserves

Figure 1.3: Syngas cycle (Rostrup-Nielsen, 2002)

1.4.1 Kinetics
Numerous reaction rate expressions are suggested for FTS in literature. In chapter 5, a

review of some of these rate expressions is provided. In our process simulations, focus

has been on rate expressions by Todic et al. (2014a, 2015) and Ma et al. (2014) which are

described in chapter 3.

1.4.2 Catalysts
Some of the transition metals are active in FTS. The following order for transition metals

is found by Vannice (1977) considering the average molecular weight of produced hydro-

carbons: Ru > Fe > Co > Rh > Ni > Ir > Pt > Pd. The last three metals, Pd, Pt, and

Ir mainly produce methane. Ni is a methanation catalyst and does not have the broad se-

lectivity of the other FT catalysts. Ru has very high activity and quite high selectivity for

producing high molecular weight products at low temperatures. It is the most expensive

4
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Figure 1.4: Three main sections in a GTL plant

FTS catalyst. Fe is very active and has water-gas-shift (WGS) activity. It has stronger ten-

dency than Co and Ni to produce carbon deposits (Spath & Dayton, 2003). Co catalysts

are used for Low temperature FTS. Our focus has been on cobalt catalyst, due to it’s high

selectivity towards heavier hydrocarbons and low WGS activity.

1.4.3 Chain growth
The product distribution from the Fischer-Tropsch synthesis is often described by the

Anderson-Schulz-Flory (ASF) distribution (Figure 1.5), where the distribution is given by

a single parameter; the chain growth probability or growth factor (α). According to ASF

distribution, FTS product distribution can be mathematically represented by the following

equations (Anderson et al., 1951):

xn = (1− α)αn−1 (1.1)

wn

n
=

(1− α)2

α
αn (1.2)

ln
wn

n
= ln

(1− α)2

α
+ n lnα (1.3)

where n is the number of carbon atoms in the product, xn the mole fraction of product

containing n carbon atoms, wn the weight fraction of product containing n carbon atoms.

The chain growth model, α, is described as:

α =
rp

rp + rt
(1.4)

Where rp is the chain propagation rate, and rt is the chain termination rate. Accord-

ing to ASF distribution, the plot of ln(wn/n) versus n is linear. However, methane and

ethylene tend not to follow the ideal ASF distribution, and must be given special attention.

In addition, the distribution may be characterized by two different values of α, which can

be explained by two different active sites on the catalyst. The usual deviations from ASF

distribution are (Todic et al., 2014b): a higher-than-expected yield of methane, a lower-

than-expected selectivity to ethylene and a higher-than-expected yield of heavy hydrocar-

bons due to an increase in chain growth probability with carbon number. The propagation

probability is a function of the reactor temperature, pressure and concentrations. In order

to reduce the production of light products, it is desirable that the propagation probability

be as high as possible.
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Figure 1.5: Chain growth to hydrocarbons in FT reaction

Table 1.4: Properties for different reactor types for Low-Temperature Fischer-Tropsch synthesis

(Rytter & Holmen, 2015)

Reactor Conversion per path
(%)

Capacity
per reactor
(bbl/day)

Characteristics

Tubular fixed bed 30-35 6000
30,000 tubes with catalyst

pellets or extrudates

Slurry bubble
column

55-65 25000
Internal heat exchanger and

optional product filter

Microchannel 65-75 1000 Metal block with <2 mm diameter channels

1.4.4 Reactors for Fischer-Tropsch Synthesis
There are two main types of FT reactors in commercial use today:

1. Tubular fixed bed

2. Slurry bubble column

Microchannel reactors are not in commercial use yet, but are gaining more and more at-

tention in academia and industry. If this technology fully come into practice, it will make

today’s small natural gas reserves as well as stranded gas reserves a viable option for small

scale GTL plants. Velocys and Compact GTL are leading companies in commercializing

microchannel technology.

There are two main approaches for doing Fischer-Tropsch synthesis: High Temper-

ature Fischer-Tropsch (HTFT) and Low Temperature Fischer-Tropsch (LTFT). In HTFT,

there is no liquid outside the catalyst and in case of using fluidized bed reactors, forma-

tion of liquid will cause loss of fluidization and serious problems for catalyst particles. In

HTFT, CO2 can be consumed in the Reverse-Water-Gas-Shift (RWGS) reaction, which is

an advantage. In LTFT, iron catalysts or supported cobalt catalysts may be used while for

HTFT only fused iron catalysts are used (Jager, 1997). The properties of different reactor

types used for LTFT are shown in Table 1.4. In fixed bed reactors once-through conversion

is limited to 30-35% to avoid the danger of temperature runaway (Rytter & Holmen, 2015).
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In slurry reactors, catalyst particles are suspended in the liquid hydrocarbon product of the

FT process. Gaseous components leave from the top of the reactor. Heavier products

have to be separated from the bottom of the reactor. Methods of separating products from

the catalysts can be classified into several categories: Use of filtration, settling devices,

magnetic separation and hydrocyclones (Rytter & Holmen, 2015). A major challenge to

the catalyst in a slurry operation is any upset in production such as a sudden reduction in

syngas flow which can lead to catalyst settling and serious overheating (Rytter & Holmen,

2015). The slurry bubble column reactor has a better heat transfer capacity, while the

separation of liquid from the solid catalyst may be a problem. Fixed bed reactors are not

suitable for HTFT operations. This is because of the danger of tube blockage by carbon

deposition at higher temperatures. Large number of tubes and therefore heavy weight of

the reactor can be considered a disadvantage for fixed bed reactor. The largest production

capacity proposed for a tubular reactor is about 6000 bbl/day of product while for fluidized

bed reactors it is 25000 bbl/day. This can also be considered a disadvantage for fixed bed.

On the othe side, there is no need for extra equipment to separate heavy wax from catalysts

because the liquid trickles down the catalyst bed. In slurry reactors, wax must be separated

by fine catalyst particles by additional equipment. Another important advantage with fixed

bed reactor is that the performance of commercial reactors can be predicted based on the

performance of a single tube pilot plant reactor. In case of catalyst poisons in the syngas,

slurry reactor is more prone to the danger of catalyst deactivation than the fixed bed reac-

tor. Catalyst replacement in fixed bed reactors is more challenging than in slurry reactors

in the sense that it needs to be offline and lengthy downtime is required. Other advantages

of slurry reactors over fixed bed reactors include (Steynberg et al., 2004):

1. Lower cost compared to fixed bed;

2. Lower pressure drop;

3. Lower catalyst consumption compared to fixed bed;

4. Near to isothermal operation;

5. The possibility of online addition of catalyst.

1.4.5 Product upgrading
The upgrading unit is made to crack and isomerize the linear hydrocarbons from the FT

synthesis. Moreover, saturation of alkenes to alkanes will take place. Due to cracking

there will be a production of lighter components. Separation of the different products is

by distillation where a stream of light gas, mainly LPG (Liquefied Petroleum Gas), will be

recycled. The isomerized products have very high quality fuel and lubrication properties

(Bouchy et al., 2009). A separate hydrogen plant will normally be required for hydrogen

used by the hydro-treating reactor and the sulphur removal unit. One reason for having a

separate hydrogen plant is flexibility of operation.
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Chapter 2
Thesis Overview

In this chapter an outline of the thesis including motivation and scope is presented. The
contributions and a list of publications are given.

2.1 Motivation and contribution

Vast amounts of associated gas are flared daily and huge amounts of stranded gas reserves

are untapped due to technical or economical reasons. Transforming Gas to Liquid (GTL)

fuel is one option in monetizing stranded gas reserves or reduction of flaring. The main

objective of the thesis is to increase profitability of the GTL process by increasing car-

bon and energy efficiencies of the process. There is also great incentive to reduce the

investment cost of the process because it is a very capital intensive process. To monetize

stranded gas reserves, reduce flaring and investment cost, a novel process concept utiliz-

ing microchannel FT reactors is proposed (paper I) which is suitable for placement on a

Floating Production, Storage and Offloading (FPSO) vessel. The process is autonomous

in the sense that it is self sufficient with power and water. The process concept is sim-

ple and inexpensive since cryogenic air separation and fired heaters are not required. For

the Fisher-Tropsch synthesis, both the conventional shell and tube fixed bed reactors and

microchannel reactors are considered and compared.

To have a correct kinetic model for the FT reaction in microchannel reactor, model

fitting is performed (paper II) on microchannel FT experimental data. This data is taken

from Yang et al. (2016). As a result, suitable kinetic and chain growth models are ob-

tained. Since these models are fitted to microchannel experimental data, therefore they

are specifically suited to microchannel reactors. These new models are implemented in

the same process proposed in paper I while the reactor volume distribution is optimized

by means of path optimization method of Hillestad (2010) and the results are reported in

paper III. As a result considerable reduction of reactor volume is obtained.

9



Chapter 2. Thesis Overview

To increase the profitability of the GTL process, cogeneration of ammonia is proposed

in paper IV. Addition of ammonia production increased the investment cost by 7%, how-

ever, the revenue of the process can increase by as much as 50%.

Syngas production step is one of the most costly steps in a gas to liquid plant. It is a

common practice to use oxygen as oxidant in the reforming step. However, by the intro-

duction of microchannel reactors with their remarkable heat transfer characteristics, high

active catalyst site exposure to reactants, and therefore high once-through conversions, the

use of enriched-air maybe justified. In paper V, the merits of using enriched-air versus

pure oxygen in the reforming step of the GTL plant is analysed.

Last paper is the application of the path optimization method of Hillestad (2010) on the

FT process. The total reactor volume of the FT synthesis and the volume distribution be-

tween stages, in addition to hydrogen distribution and coolant temperature are optimized.

The productivity is maximized subject to constraints on a maximum reactor temperature

and a minimum conversion. Considerable reduction of reactor volume is obtained by path

optimization.

2.2 Outline of the thesis

In chapter 1, a general introduction to GTL process is provided. In chapter 3, details

of reactor modelling and reaction rate expressions used in the thesis are given. Papers

produced in the course of the PhD work are provided in chapters 4 through 9. In the last

chapter (chapter 10), conclusions of the thesis and some directions for future work are

given.

2.3 Summary of the papers

2.3.1 Paper I

A novel process concept is proposed for converting natural gas to liquid Fischer-Tropsch

products. An autothermal reformer with enriched air as oxidant is applied for synthesis

gas (syngas) production, and because of the inert nitrogen a once-through Fischer-Tropsch

synthesis is the preferred option. In order to maximize the syngas conversion and the

production of heavy hydrocarbons, a staged reactor path with distributed hydrogen feed

and product withdraw is proposed. The hydrogen is produced by steam methane reforming

in a heat exchange reformer (gas heated reformer), heat integrated with the hot effluent

stream from the autothermal reformer. Tail gas from the last Fischer-Tropsch stage is sent

to a gas turbine for power production. The hot exhaust gas from the gas turbine is used for

natural gas preheating. The process is autonomous in the sense that it is self sufficient with

power and water, and therefore well suited for production in remote locations such as a

floating production unit. The process concept is simple and inexpensive since cryogenic air

separation and fired heaters are not required. For the Fischer-Tropsch synthesis, both the

conventional shell and tube fixed bed reactors and microchannel reactors are considered

and compared. The highlights of the paper are:
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2.3 Summary of the papers

• A once-through design with staged FischerTropsch synthesis and with distributed

hydrogen feed;

• Two parallel paths: one for syngas with slightly under-stoichiometric hydrogen and

one for hydrogen;

• Comparing fixed bed and microchannel reactors for FT synthesis.

2.3.2 Paper II
In order to do a good and realistic design of a GTL plant, it is necessary to have kinetic

models that correctly capture major variations of reaction rates and selectivities subject to

changes in process parameters. In this paper, a review of published kinetic rate models is

done and twelve of them are analyzed based on different criteria, such as their behaviour at

high conversions, high water partial pressure, sensitivity to added water, selectivity to C5+

products, etc. The rate models are implemented in a plug flow reactor model. Both fixed

bed and microchannel reactors can quite accurately be represented by such a model. Here,

the main purpose is to see the kinetic effects with changing composition along the reactor.

In order to predict the product distribution, we have proposed our own chain growth model

and fitted parameters to experimental data from Yang et al. (2016). The chain growth

model includes the effect of water and predicts the C5+ and methane selectivities quite

well. The highlights of the paper are:

• A review of published kinetic rate models for cobalt catalyst is done;

• Twelve kinetic rate models are analyzed based on different criteria in a plug flow

model;

• A new chain growth model is proposed and fitted to microchannel experimental

data;

• The proposed chain growth model includes the effect of water and predicts C5+ and

CH4 selectivities quite well.

2.3.3 Paper III
Converting remote natural gas to liquid fuel is one possible solution to the problem of

transporting remote gas to the energy market. However, the high investment cost of GTL

plants prevents large scale exploitation of remote gas reserves. A lean GTL process, which

is cost effective and less complex, is suggested based on an autothermal reformer with en-

riched air as oxidant and a once-through Fischer-Tropsch synthesis. In order to maximize

the syngas conversion and the production of heavy hydrocarbons, a staged microchannel

reactor path with distributed hydrogen feed and product withdraw is proposed. The hy-

drogen is produced by steam methane reforming in a heat exchange reformer (gas heated

reformer). A verified kinetic model for the Fischer - Tropsch reactor is used. This ki-

netic model was fitted to kinetic data of a 40 %CO/Al2O3 catalyst which was used in a

microchannel reactor. A new chain propagation model was also fitted to the data. The

11



Chapter 2. Thesis Overview

new kinetic and chain propagation models are believed to be specifically suitable for mi-

crochannel reactors. The chain propagation model in the process yields high C5+ selec-

tivities. The process is autonomous in the sense that it is self-sufficient with power and

water. The highlights of the paper are:

• The verified kinetic and chain propagation models are implemented in FT reactor;

• Reactor volume distribution is optimized;

• Considerable reduction of volume is achieved compared to paper I.

2.3.4 Paper IV
A novel process concept is proposed for cogeneration of Fischer-Tropsch products and

ammonia. An autothermal reformer with enriched air as oxidant is applied for synthesis

gas production, and because of the inert nitrogen, a once-through Fischer-Tropsch syn-

thesis is necessary. In order to maximize the synthesis gas conversion and the production

of heavy hydrocarbons in Fischer-Tropsch reactors, a staged reactor path with distributed

hydrogen feed and product withdraw is applied. Hydrogen is produced by steam methane

reforming in a heat exchange reformer (gas heated reformer), heat integrated with the hot

effluent stream from the autothermal reformer. Part of this hydrogen stream is used in

Fischer-Tropsch reactors and the rest is sent to product upgrading and ammonia synthe-

sis. Part of the nitrogen produced from the air membrane is used as feed to the ammonia

process. The proposed ammonia process is simple as it does not require separate shift

reactors and a CO2 capture unit. The process is autonomous in the sense that it is self suf-

ficient with power and water, and therefore well suited for production in remote locations

such as a floating production unit. The total investment of 12000 bbl/d (57 tonnes/h) GTL

plant combined with 24 tonnes/h ammonia plant is estimated to be around 900 million

USD, of which the ammonia process counts only for 7 %. The extra ammonia production

will increase total revenues by 50 %, which makes the combined process commercially

attractive. The highlights of the paper are:

• The proposed process consists of a once-through and staged Fischer-Tropsch syn-

thesis together with ammonia process;

• Two parallel paths; one for syngas with slightly under-stoichiometric hydrogen and

one for hydrogen production;

• Nitrogen feed to ammonia process from air membrane while hydrogen feed is from

hydrogen production path;

• Comparing the combined GTL and ammonia process with the GTL process alone,

the total investment is increased by 7% while the plant revenue is increased by 50%.

2.3.5 Paper V
The syngas production step is the most costly step in a gas to liquid plant. It is common

practice to use oxygen as oxidant in the reforming step. However, by the introduction of

12
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microchannel reactors with their remarkable heat transfer characteristics, high active cat-

alyst site exposure to reactants and therefore high once-through conversions, the use of

enriched-air maybe justified. The purpose of this paper is to analyse the merits of using

enriched-air versus pure oxygen in the reforming step of a gas to liquid plant utilizing an

autothermal reformer (ATR), while microchannel reactors are used in the once-through

Fischer-Tropsch (FT) step. Pure oxygen is provided by a cryogenic Air Separation Unit

(ASU) and enriched-air by use of air separation membranes. To make the two cases com-

parable, the total once-through CO conversion is kept the same. By using pure oxygen less

FT reactor volume is required which means lower reactor cost at the expense of having a

costly cryogenic ASU to produce pure oxygen. The operating cost of ASU is lower than

that of the air membrane, while its installed cost is higher. Due to safety and space issues

of having a cryogenic ASU offshore, the only viable option is the use of enriched-air, while

in an onshore setting, the use of oxygen is more attractive. The highlights of the paper are:

• Analyse the merits of using enriched-air or pure oxygen in the reforming step of a

once-through GTL process which utilizes microchannel reactors for Fischer-Tropsch

Synthesis;

• Cost estimation of the two cases;

• Conclusion regarding which oxidant to use in onshore and offshore settings.

2.3.6 Paper VI
In paper I we proposed a new process configuration for a once-through GTL plant suited

for a floating production unit. In that work we did not optimize the reactor path of the

Fischer-Tropsch synthesis. Here, we have optimized the total reactor volume of the FT

synthesis and the volume distribution between stages, in addition to hydrogen distribution

and coolant temperature. The productivity is maximized subject to constraints on a max-

imum reactor temperature and a minimum conversion. Considerable reduction of reactor

volume is obtained by path optimization. The highlights of the paper are:

• Path optimization method of Hillestad (2010) is applied on the FT synthesis section

of a GTL plant

• Considerable reduction of FT reactor volume is obtained by path optimization

2.4 Publications

2.4.1 Journal publications
I Ostadi, M, Dalane, K, Rytter, E, Hillestad, M, Conceptual design of an autonomous

once-through gas-to-liquid process Comparison between fixed bed and microchan-

nel reactors, Fuel Processing Technology , vol. 154, (2015), pp. 186 - 195.

II Ostadi, M, Rytter, E, Hillestad, M, Evaluation of kinetic models for FischerTropsch

cobalt catalysts in a plug flow reactor, Chemical Engineering Research and Design,

vol. 114, (2016), pp. 236 - 246.
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III Ostadi, M, Hillestad, M, Conceptual design of an autonomous once-through gas-to-

liquid process with microchannel Fischer-Tropsch reactors, Chemical Engineering
Transactions, vol. 52, (2016), pp. 523-528.

IV Ostadi, M, Hillestad, M, Combined gas-to-liquid and ammonia production, Under
review in journal of Natural Gas Science and Engineering

V Ostadi, M, Hillestad, M, Enriched air or oxygen as oxidant for an onshore gas-to-

liquid process with microchannel reactors, Submitted to Chemical Engineering &
Technology

VI Ostadi, M, Hillestad, M, Path optimization of the Fischer-Tropsch synthesis with

cobalt catalyst and microchannel reactors, Planned for submission to Chemical En-
gineering Science

2.4.2 Conference presentations
I Ostadi, M, Hillestad, M, Conceptual Design of an Autonomous Once-through Gas-

to-Liquid (GTL) Process with Microchannel Fischer-Tropsch Reactors. 19th Con-

ference on Process Integration, Modelling and Optimisation for Energy Saving and

Pollution Reduction (PRES), Prague, Czech Republic, 2016.

II Ostadi, M, Hillestad, M, Verification of a macro kinetic model and development of

a product distribution model for a commercial Co/Re/-Al2O3 Fischer-Tropsch cata-

lyst in microchannel reactor. 22nd International Congress of Chemical and Process

Engineering (CHISA), Prague, Czech Republic, 2016.

III Ostadi, M, Rytter, E, Hillestad, M, Conceptual design and cost estimation of an off-

shore autonomous once-through gas-to-liquid process combined with ammonia syn-

thesis. 2017 AIChE Spring Meeting and 13th Global Congress on Process Safety,

San Antonio, Texas, 2017.
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Chapter 3
Reactor Modelling and Kinetics

In this chapter, reaction rate expressions used in the process simulations are presented.
Details of reactor modelling and implementation in process simulator are also discussed.

3.1 Kinetic models
Having a correct kinetic model is vital for the development and simulation of a chemical

process. The model should be able to explain the effects of temperature and composition

on the reaction rates and selectivities. Considering the Fischer-Tropsch reaction, there are

numerous kinetic models in the literature. In paper 2 in chapter 5, a review of the reaction

rate expressions are provided and 12 rate expressions are compared. In paper 1 in chapter

4, reaction rate expression by Todic et al. (2014a, 2015) is used. In the rest of the papers,

reaction rate expression by Ma et al. (2014) is used.

3.1.1 The Todic rate expression
This is a rigorous model that is based on experiments done in a stirred tank slurry reactor

with a Re-promoted Co catalyst supported on alumina (25%Co /0.48%Re /Al2O3) over

a range of operating conditions (T = 478, 493, 503 K; P = 1.5, 2.5 MPa; H2/CO = 1.4,

2.1; WHSV = 1.022.5 NL/gcat/h) which fits to our design conditions (Todic et al., 2014a,

2015). Todic model describes individual rates for each component and introduces different

growth factor for each polymerization step. In general the growth factors are functions of

the vacant site fraction, S ,which again is a function of changing growth factors, making

the model implicit. This makes the model complex and many iterations maybe required to

reach the solution. Hillestad (2015) simplified the model without much loss of accuracy.

The simplified model provides an accurate description of the overall consumption of CO

and H2 without calculating very many individual reaction rates. The production of alkanes
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Chapter 3. Reactor Modelling and Kinetics

and alkenes are described by two chain growth probabilities and both increases slightly

with the carbon number. The selectivities of methane and ethene are given by specific

rate equations. In the Todic et al. (2014a, 2015) model and the simplified model, it is

assumed that there is no chain limitation, which implies an infinite dimensional model.

To implement a description of an infinite distribution of components, it is necessary to

group components into lumps of components. The implementation of such a model is not

straight forward and a method for handling infinite number of reactions and components is

described by Hillestad (2015). Lumps of components and their average molecular weights

are accurately described without violating the element balances. The FTS reaction with

lumped components are given as:

CO+U1 ·H2
r1−−→ H2O+ν1,1CH4+ν2,1C2H6+ν3,1C3H8+ν4,1C4H10+ν[5,∞],1C

p
5+ (3.1)

CO+U2 ·H2
r2−−→ H2O+ ν1,2CH4 + ν2,2C2H4 + ν3,2C3H6 + ν4,2C4H8 + ν[5,∞],2C

o
5+ (3.2)

CO+ 3 ·H2
r3−−→ H2O+CH4 (3.3)

C2H4 + 2 ·H2
r4−−→ 2CH4 (3.4)

r1 and r2 are paraffin and olefin production rates, respectively. r3 and r4 are to account

for heigh yield of methane and low yield of ethylene, respectively. U1 and U2 are stoichio-

metric usage ratios of H2 in r1 and r2 and are given in Equations 3.5 and 3.6, respectively.

The stoichiometric coefficients of products, νi,1 and νi,2, are given in Equations 3.7 and

3.8, respectively. The stoichiometric coefficients of lumps of components in r1 and r2 are

given in Equations 3.9 and 3.10, respectively.

U1 = 3− α1 (3.5)

U2 = 2 + (1− α2)
2 (3.6)

νi,1 = (1− α1)
2α

(i−1)
1 (3.7)

νi,2 = (1− α2)
2α

(i−1)
2 (3.8)

ν[5,∞],1 = (1− α1)α
4
1 (3.9)

ν[5,∞],2 = (1− α2)α
4
2 (3.10)

The reaction rate expressions for the above reactions are given as (Hillestad, 2015):

r1 = k7

√
K2pH2

[S]2
αM

(1− α1)2
(3.11)
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3.1 Kinetic models

r2 = k8[S]
αM

(1− α2)2
(3.12)

r3 = k7,M

√
K2pH2

[S]2αM − r1ν1,1 − r2ν1,2 − 2r4 (3.13)

r4 = r2ν2,2 − k8,E [S]αMα2 (3.14)

[S]−1 = 1 +K1pCO +
√
K2pH2

+ (
1

K2
2K4K5K6

pH2O

p2H2

+
√

K2pH2
)

αM

(1− α1)
(3.15)

Where S is the vacant site fraction, ki are reaction rate constants, Ki is the equilibrium

constants and pi is the partial pressure of component i. The reaction rate and equilibrium

constants are calculated with the use of the Arrhenius equation with the estimated values

from Todic et al. (2014a, 2015). The oxygenates products in the FTS are neglected in the

model. The growth factor for alkanes, α1, and for alkenes, α2, are given in Equations 3.16

and 3.17, respectively. αM is the growth factor for the methanation reaction.

α1 =
1

1 +
k7

√
K2pH2

k3K1pCO

(3.16)

α2 = α1e
−0.27 (3.17)

αM =
1

1 +
k7,M

√
K2pH2

k3K1pCO

(3.18)

3.1.2 The Ma rate expression
The second reaction rate expression that is used in our process modelling is the CAER

(Center for Applied Energy Research) empirical kinetic model. Ma et al. (2014) employed

this kinetic model to study their experimental data over a 25%Co/Al2O3 catalyst using a 1

L continuously stirred tank reactor (CSTR) under the conditions of 205 ◦C - 230 ◦C, 1.4 -

2.5 MPa, H2/CO = 1.0 - 2.5 and 3 - 16 NL/g-cat/h (XCO = 7 - 54%). The model with their

estimated parameters is given as:

− rCO =
k(T )P−0.31

CO P 0.88
H2

1− 0.24
PH2O

PH2

(3.19)

The rate constant is given as:

k(T ) = 0.0133 exp(−104000

R
(
1

T
− 1

483
)) (3.20)

As is explained in more detail in chapter 5, this model is used for model fitting to the

microchannel experimental data. The reason for using this model is because it made a

good fit to the experimental data.
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Table 3.1: Effects of an increase in process parameters on α

Parameter α

Temperature ↓
Pressure ↓
H2/CO ↓
H2O ↑

3.1.3 Chain growth model
In order to perform an FT reactor design with realistic evaluation of the products produced,

there is need for a way to quantify the product distribution. Some kinetic models include

a description of product distribution. However, most of them need a chain growth model

to account for that. Hydrocarbon selectivities depend on local conditions like temperature,

pressure and species concentrations, in particular of carbon monoxide and hydrogen, but

also on produced water. Therefore a suitable chain growth model should include these

variables. The effect of some of the most important parameters affecting product selec-

tivity are discussed thoroughly in literature by for example Van Der Laan & Beenackers

(1999). In chapter 5, a new chain growth model is proposed which includes the effect of

water and predicts the C5+ and methane selectivities quite well. The fitted model is:

α =
1

1 + k2(T )
P 1.45

H2

PCOP 0.253
H2O

(3.21)

k2(T ) = 0.0233 exp(−1959(
1

T
− 1

483
)) (3.22)

The effects of temperature, partial pressures of H2O, H2 and CO are taken into account

in this model as shown in Figure 3.1. The growth probability decreases slightly with

increasing total pressure, and increases with increasing H2O partial pressure. With an

increase in the H2/CO ratio, the growth factor decreases. The same behaviour is observed

with increase in temperature.

3.1.4 Lumping of components
In theory, FTS can produce hydrocarbon chains with infinite number of carbon atoms.

An appropriate method of handling this infinite number of components is to introduce

lumps of components. We have chosen to model alkane components individually up to

C10 and a lump C
p
11+ describing the tail distribution. While for alkenes, with less heavier

components, we have chosen to model individual components up to C4 and a lump Co
5+.

The reason for having that many individual components is to get the phase equilibrium

calculations more accurate.

In flowsheeting software, lumps are described as hypothetical components. These soft-

ware expect hypothetical components to have fixed properties, like molecular weight, and

it is not allowed to have changing properties which is the case for the lumps here. To

overcome this problem, two different approaches were taken:
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3.1 Kinetic models

Table 3.2: Properties of lumps in the first approach

alpha Carbon number MW T ∗
NB (◦C)

α1H =0.97 43.33 608.67 606.9

α1L=0.9 20 282 343

α2H=0.74 13.84 195.84 251.1

α2L=0.68 13.25 185.75 237.7

* Normal boiling point temperature

First approach

In the first approach, each of the paraffin and olefin lumps was defined with two hypotheti-

cal components with fixed properties and a coefficient to define the relative distribution be-

tween them (Hillestad, 2015). For example, C
p
11+ which represents the hypothetical group

for paraffins with carbon numbers greater than 10, is defined by C
pH
11+ and C

pL
11+. For olefin

lump, Co
5+ is described by CoH

5+ and CoL
5+. Carbon numbers of these new components are

calculated with highest and lowest possible α values in the reactor conditions. Therefore

the distribution of lumped components are related to the known components (namely C
pH
11+,

C
pL
11+, CoH

5+ , CoL
5+). Molecular weights are calculated according to the following relations:

M̄Cp
11+

= 14.027 · (11 + α1

1− α1
) + 2.016 (3.23)

M̄Co
5+

= 14.027 · (5 + α2

1− α2
) (3.24)

By use of Asymptotic Behavior Correlations presented by Marano & Holder (1997),

boiling point temperatures for these components were estimated which are shown in Ta-

ble 3.2. In this table average carbon numbers for paraffins and olefins are calculated by

Equations 3.25 and 3.26, respectively.

n̄n,[11,∞] = 11 +
α1

1− α1
(3.25)

n̄n,[5,∞] = 5 +
α2

1− α2
(3.26)

The conservation of mass requires that the stoichiometric coefficient of the lump, ν�,
multiplied by the molecular mass of the lump remains the same. This is a simplification,

but maybe a necessary simplification to be able to implement the model in a flowsheeting

software.

ν�(α)M̄n(α) = φν�(αL)M̄n,L(αL) + (1− φ)ν�(αH)M̄n,H(αH) (3.27)

From the above equation, the relative distribution, φ, can be calculated. This approach

is used in chapters 4, 6 and 7.

19



Chapter 3. Reactor Modelling and Kinetics

Second approach

In the second approach, which is more accurate, the varying lump is defined with at least

three different lumps with fixed properties. To clarify this point better, let’s consider the

general Fischer-Tropsch reaction:

CO+ U ·H2
rFT−−→ ν1C1 + ν2C2 + ν3C3 + ν4C4 + ν̄N+CN+ +H2O (3.28)

Where:

νi = (1− α)2αi−1 (3.29)

ν̄N+ = (1− α)αN−1 (3.30)

In this approach, the varying lump with varying properties, CN+, is described with

three different lumps with fixed properties: one lump from CN to CM , C[N−M ], the sec-

ond lump from CM+1 to CP , C[(M+1)−P ], and the third lump contains hydrocarbons with

more than P number of carbon atoms, C[(P+1)−∞]. The choice of N , M and P are arbi-

trary and can be different for paraffins and olefins. The conservation of mass requires that

the stoichiometric coefficient multiplied by the molecular weight of the lump remains the

same:

ν̄N+(α)M̄N+(α) = ν′
[N−M ](α)M[N−M ]+ν′

[(M+1)−P ](α)M[(M+1)−P ]+ν′
[(P+1)−∞](α)M[(P+1)−∞]

(3.31)

where the stoichiometric coefficients of the new lumps are given as:

ν′[N−M ] = H(1− α)(α(N−1) − αM ) (3.32)

ν′[(M+1)−P ] = H(1− α)(αM − αP ) (3.33)

ν′[(P+1)−∞] = H(1− α)αP (3.34)

H is a scaling parameter and must be present to ensure mass balance. This is because

of the simplification used for the molecular weight of the new lumps which are assumed

constant. The average carbon number and consequently the molecular weight of the new

lumps are calculated by assuming an average chain growth factor according to the reactor

conditions. Average carbon numbers are calculated by the following relations (Hillestad,

2015):

n̄n,[N,M ] =

∑M
i=N iαi−1∑M
i=N αi−1

=
NαN−1 − (N − 1)αN − (M + 1)αM +MαM+1

(1− α)(αN−1 − αM )

(3.35)

n̄n,[(P+1),∞] = (P + 1) +
α

1− α
(3.36)
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3.2 Plug flow reactor (PFR) model

Table 3.3: Properties of lumps in the second approach

Component Lumps Carbon number MW T ∗
NB (◦C)

Paraffin1[6−10] 7.834 111.672 121.25

Paraffin2[11−20] 14.820 209.480 267.79

Paraffin2[21−∞] 32.500 457.0 470.44

Olefin1[6−10] 7.323 102.525 103.32

Olefin2[11−20] 13.043 182.597 233.69

Olefin3[21−∞] 23.333 326.667 385.55

* Normal boiling point temperature

By substituting Equations 3.32, 3.33 and 3.34 into 3.31, the unknown Hwill be calcu-

lated. In chapter 8, this approach is used and each of the lumps for paraffins and olefins is

represented by three lumps of components with fixed properties. The properties of these

lumps are calculated by use of Asymptotic Behavior Correlations presented by Marano &

Holder (1997), which are shown in Table 3.3.

3.2 Plug flow reactor (PFR) model
In order to formulate the mathematical model for the PFR model, a short section of the

reactor tube is analysed (Figure 3.1).

Figure 3.1: Control volume for a tubular reactor

The resistances to the inter-phase heat and mass transport are neglected, i.e. there

are no fluid-to-particle heat and mass transfer resistances, and the plug flow model is

described with a pseudo-homogeneous model. The reaction rates are expressed in terms

of fluid-phase partial pressures and temperature. No axial and radial diffusion of mass and

temperature is considered. The material balance over section dV in Figure3.1 is:

W (ωin
i − ωout

i ) = R̃dV (3.37)

Where R̃ = ΣNr
j=1(νi,jrjMi), rj is the reaction rate for reaction j on mole basis, Nr is

the number of reactions taking place, νi,j is the stoichiometric coefficient, W is the total

mass flow and ωi is the mass fraction of component i. If the rj is given based on the mass
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of catalyst, it is necessary to multiply it with ρbulk which is the bulk density of the catalyst.

The mass balance equation based on a differential volume will be:

W
dωi

dV
= R̃ (3.38)

A heat balance is similarly derived to evaluate the temperature profile along the reactor.

The energy conservation over a differential element dV of the reactor is:

dWh

dV
= −Ua(T − Tcool) (3.39)

Where a is the specific area of heat transfer defined as a = dA
dV , U is the overall heat

transfer coefficient and the enthalpy is defined as:

h = ΣNc
i=1(ωihi) = hTω (3.40)

where h and ω are vectors of component enthalpies and mass fractions, respectively and

Nc is the number of components.

By applying the enthalpy definition into Equation 3.39:

dWhTω

dV
= −Ua(T − Tcool) (3.41)

By developing the differential:

hT dWω

dV
+WωT dh

dV
= −Ua(T − Tcool) (3.42)

Knowing that component enthalpy is approximated by hi ∼ cp,iT and average heat

capacity calculated by c̄p = Σωicp,i and by substituting Equation 3.38:

hT R̃+Wc̄p
dT

dV
= −Ua(T − Tcool) (3.43)

The first term is the heat of reaction and the second term is the sensible heat. The heat

of reaction is defined as:

hT R̃ = Σi(HiMi)Σj(νi,jrj) = Σj(Σiνi,jHiMi)rj = ΣjΔHjrj (3.44)

The energy balance in the differential form will be:

Wc̄p
dT

dV
= Σj(−ΔHj)rj − Ua(T − Tcool) (3.45)

For a cylindrical tube a is equal to 4
DT

where DT is the tube diameter. Boiling water

is used as coolant and its temperature is assumed to be constant.
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3.2 Plug flow reactor (PFR) model

3.2.1 Heat of reaction
Let’s consider the following Fischer-Tropsch reaction:

CO+ U ·H2
rFT−−→ H2O+ ν1C1 + ν2C2 + ν3C3 + ν4C4 + ν5+C5+ (3.46)

The heat of this reaction at 298 K is calculated by the sum of the heats of formation

(ΔH298
f ) of products and subtraction of the heats of formation of reactants:

ΔH298
r = ΔH298

fH2O
+ν1ΔH298

fC1
+ν2ΔH298

fC2
+...+νnΔH298

fCn
−ΔH298

fCO
−UΔH298

fH2
(3.47)

ΔH298
fH2

is zero because the standard enthalpy of formation of any pure element in its

naturally occurring form is taken as zero. According to Chaumette et al. (1995), heat of

formation of n-paraffins containing i number of carbon atoms at 298 K in (kcal/mol) can

be expressed as:

ΔH298
fC

i
= −4.89412i− 10.8527 (3.48)

We can write it as:

ΔH298
fC

i
= −ai− b (3.49)

By substituting Equation 3.49 in Equation 3.47, we will have:

ΔH298
r = ΔH298

fH2O
+Σ∞

i=1νi(−ai− b)−ΔH298
fCO

(3.50)

ΔH298
r = ΔH298

fH2O
+ aΣ∞

i=1(νii)− bΣ∞
i=1νi −ΔH298

fCO
(3.51)

The term Σ∞
i=1(νii) is equal to one because of the carbon mass balance. Moreover, the

term Σ∞
i=1νi can be shown to be equal to (1− α). Therefore the heat of reaction equation

reduces to :

ΔH298
r = ΔH298

fH2O
+ a− b(1− α)−ΔH298

fCO
(3.52)

The heat of reaction at any temperature, T , can be found as the heat of reaction at 298

K plus the integral of the heat capacity as follows:

ΔHT
r = ΔH298

r − UΔHT
fH2

+

∫ T

298

cp(T )dT (3.53)

where cp are the heat capacities at constant pressure. Heat capacities of components

involved in the reaction are taken from Perry’s Chemical Engineers’ handbook (Perry &

Green, 2008) which are functions of temperature and are in the following form:

cp = C1 + C2[
C3

T

sinh(C3

T )
]2 + C4[

C5

T

cosh(C5

T )
]2 (3.54)

Since the average reaction temperature in the reactor is assumed to be 220 ◦C (493 K),

Equation 3.53 will result in:

ΔH493
rparaffins

= −49.740231 + 12.053277α1 (3.55)
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Which has the units of (kcal/mol).

The heat of formation of olefins equation will result in the following form which also

has the units of (kcal/mol):

ΔH493
rOlefins

= −18.18− 18.516446α2 − 1.289277α2
2 (3.56)

The reason for the difference in the structure of equations 3.55 and 3.56 is the differ-

ence in the stoichiometric coefficient of consumption of hydrogen in paraffin and olefin

production, which are (3−α1) and (2+ (1−α2)
2) for paraffins and olefins, respectively.

The heat of reaction for reactions 3.3 and 3.4 in (kcal/mol) are calculated as: ΔH493
r3 =

−51.383231 and ΔH493
r4 = −49.578134, respectively.

3.2.2 Pressure drop

The most common pressure drop equation for flow through packed beds is that of Ergun &

Orning (1949). It expresses the pressure drop along a fixed bed of particles as a function

of gas properties such as density, ρg , viscosity, μg , and velocity, ug , plus the bed’s void

fraction, εbed and particle diameter, Dp.

dp

dV
= −(1.75 + 150

(1− ε)μg

ρgugDp
)
ρgu

2
g

Dp

1− ε

ε3
1

AR
(3.57)

Where AR is the cross sectional area of the tube.

3.2.3 Effectiveness factor

Due to diffusion there are concentration gradients and to some extent temperature gradient,

inside a pellet. The effectiveness factor of a pellet, defined as the ratio between the inte-

grated reaction rate over the pellet volume and the rate at bulk gas conditions, is normally

less than unity. For a catalyst pellet of 3 mm diameter with homogeneous distribution of

active sites, and with Todic et al. (2014a, 2015) kinetic model applied and diffusivities

found by Erkey et al. (1990), the effectiveness is calculated to be 0.20-0.25 on average

along the reactor for the main reaction formation of alkanes (reaction 3.1).

3.2.4 Heat transfer correlation

The system of resistances to heat transfer from catalyst bed to cooling water is shown in

Figure 3.2. The overall heat transfer coefficient is calculated as the inverse summation of

resistances:

1

U
= Rcatalystbed +Rboundarylayer +Rmetalwall +Rcoolingwater (3.58)

1

U
=

DT

8λr
+

1

hw
+

sw
λw

+
1

hext
(3.59)
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3.2 Plug flow reactor (PFR) model

Figure 3.2: Heat transfer resistances for a tube

Resistances due to metal wall and cooling water are neglected, since they are consid-

ered to be negligible compared to the other terms. Therefore, the overall heat transfer

coefficient is calculated as:
1

U
=

DT

8λr
+

1

hw
(3.60)

where λr and hw are calculated with correlations found in Wen & Ding (2006).

Nuw = 2.4
λ0

λf
+ 0.054(1− Dp

DT
)RepPr

1
3 (3.61)

Nuw =
hwDp

λf
(3.62)

Where λ0 is the thermal conductivity at zero flow and it is calculated with the following

equation by Krupiczka (1967):

λ0

λf
= (

λp

λf
)n (3.63)

Where λp is the particle thermal conductivity and n is an experimental constant related to

the bed voidage, εbed, particle and fluid thermal conductivities by the following correlation:

n = 0.28− 0.757 log εbed − 0.057 log(
λp

λf
) (3.64)

Fluid thermal conductivity (λf ) is calculated by calling the built-in function of process

simulator. Finally, the effective radial thermal conductivity, λr, is found by the following

25



Chapter 3. Reactor Modelling and Kinetics

correlation from Bey & Eigenberger (2001):

λr

λf
=

λ0

λf
+ 0.1RepPr (3.65)

3.2.5 Radial heat conduction
The radial temperature profile in the reactor tubes can be approximated by a quadratic

polynomial of the form: T (r) = a+ br+ cr2. In order to find the coefficients in the above

polynomial expression, boundary conditions are required:

dT

dr

∣∣∣∣
r=0

= 0 (3.66)

dT

dr

∣∣∣∣
r=R

=
hw(Tr=R − Tcool)

−λr
(3.67)

Where λr is the effective radial conductivity, hw is the heat transfer coefficient of the

boundary layer between the core of the tube and its inner wall and R is the tube radius.

From the first boundary condition, parameters b is found to be zero: b = 0 and the tem-

perature equation reduces to:

T (r) = a+ cr2 (3.68)

From the second boundary condition:

2cR =
hw(Tr=RT

− Tcool)

−λr

2cR =
hw(a+ cR2 − Tcool)

−λr

Tcool = a+ (R2 +
2λrR

hw
)c (3.69)

Now by using the expression for average radial temperature:

T̄ =

∫ R

0
2πrT (r)dr∫ R

0
2πrdr

T̄ =
2π
∫ R

0
r(ar + cr2)dr

πR2

T̄ = a+
1

2
cR2 (3.70)
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3.3 Microchannel reactor model

By comparing Equation 3.70 and Equation 3.68, it is found that the average temperature is

at r = R√
2

. By subtracting Equation 3.69 from Equation 3.70, coefficient c is calculated:

T̄ − Tcool = c(
1

2
R2 − (R2 +

2λrR

hw
))

c = − 2

R2

T̄ − Tcool

1 + 4λr

Rhw

and from Equation 3.70, coefficient a is calculated:

a = T̄ +
T̄ − Tcool

1 + 4λr

Rhw

The average temperature, T̄ , is used in the reactor model.

3.3 Microchannel reactor model
The mass and heat balances used for the microchannel model are the same as those for the

PFR model, except for the heat transfer correlations. In our model, particles with diameter

of 0.2 mm are applied in the reaction channels. Because of the small diameter a reasonable

assumption is that there will be no mass transfer limitation inside the particles, equivalent

to setting the effectiveness factor equal to unity for all reactions (Rytter et al., 2007). All

catalyst sites are exposed to the syngas, and that is one reason to why system volumes can

be reduced up to 10 times compared to conventional reactors (Leviness et al., 2011).

3.3.1 Heat transfer correlation
The system of resistances to heat transfer from catalyst bed to cooling water is shown in

Figure 3.2. The overall heat transfer coefficient is calculated as the inverse summation of

resistances:

1

U
= Rcatalystbed +Rboundarylayer +Rmetalwall +Rcoolingwater (3.71)

1

U
=

DT

8λr
+

1

hw
+

sw
λw

+
1

hext
(3.72)

Resistances due to metal wall and cooling water are neglected, since they are consid-

ered to be negligible compared to the other terms. Therefore, the overall heat transfer

coefficient is calculated as:
1

U
=

1

hw
+

DT

8λr,eff
(3.73)

Heat transfer correlation between fluid and reactor wall is taken from VDI (2010). Guettel

& Turek (2010) have also used in their modelling of microchannel reactor.
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λr,eff = λbed + λG
Pe

8
(3.74)

Nuw =
hwDp

λG
= (1.3 +

5Dp

DT
)Bbed + 0.19Re0.75Pr0.33 (3.75)

Bbed =
λbed

λG
= 1−√

1− εbed +Bc

√
1− εbed (3.76)

Bc =
2

N
(
B

N2

Bp − 1

Bp
ln

Bp

B
− B + 1

2
− B − 1

N
) (3.77)

Bp =
λp

λG
(3.78)

N = 1− B

Bp
(3.79)

B = 1.25(
1− εbed
εbed

)
10
9 (3.80)

3.4 Path optimization

A systematic way of doing an optimal staging of reactor path is described by Hillestad

(2010). A path is a line of production or part of it, and represents the process from starting

material to final or intermediate products. A model that describes the rate at which the

phenomena take place, must be available or made. Most importantly, a model describing

the reaction kinetics and product distribution is necessary. Phenomena like reaction, heat

transfer, phase separation and mixing may take place on the path. In addition to the size

of each stage, design functions representing mixing (dispersion), heat transfer, additional

feeds, separation of products, catalyst dilution are defined on the path which are presented

in Table 3.4. An objective function is optimized with respect to the design functions and

the result is a sequence of reactor stages, separators, heat exchangers, etc. The optimiza-

tion determines the volume distribution among units, in addition to the distribution of extra

feeds, separation of products, catalyst activity, distribution of heat transfer area and coolant

temperature distribution. As with this method, the design functions contain both structural

and parametric information. Structural information is e.g. the sequence of units and loca-

tion of extra feeds. Parametric information is e.g. the size of each unit. The production

of heavy components is maximized, but other versions of the objective function may be

defined such as a combination with energy efficiency and product quality. Since the FT

reactor can be very large, there will be a need to divide the volume into several reactor

volumes. The idea is that instead of having these volumes only in parallel, they may also

be arranged in series as stages. This gives us freedom to improve the operating conditions.

Application of this method on FT process is explained in chapter 9.
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3.4 Path optimization

Table 3.4: Mapping of basic operations and design functions (Hillestad, 2010)

Basic operation Design function Symbol

Fluid mixing Mixing uM

Chemical reaction
Catalyst dilution uA

Different catalyst types uc

Heat exchange
Exchange area distribution uH

Temperature of coolant uT

Extra feeding
Feed distribution uF

Feed composition/temperature xF

Pressure change Pressure profile up

3.4.1 Staging of the reactor path
The reactor path is divided into a number of stages and the design functions are optimized

in order to maximize an objective function. The flow model, Equation 3.81, represents the

change of state variables along the path (Hillestad, 2010):

[γI− uMσJ̃ ]
dx

dξ
= σuAR̃(x) + uFK(xF − x)− uHE(x− xw) (3.81)

Where:

γ is the dimensionless mass flow rate relative to the inlet (W/W0)

uM is the mixing design function

σ residence time or space time, (VR/W0)

J̃ is the partial derivative of component reactions with respect to x, which is:

J̃ = ∂R̃(x)
∂x +diag(0, 0, ..., 1)[α(1− Cp,F

Cp
)− β

Cp,ref

Cp,0
]

α is the feed distribution in kg/(m3 s)
β is the heat transfer area design function, β = Ua

Cp,ref
in kg/(m3 s)

ξ is the dimensionless volume of the path (independent variable), ( V
Vt

)

uA is the catalyst dilution function

uF is the feed distribution design function, uF = σα

K is a diagonal matrix, K =diag(1, 1, ...,
Cp,F

Cp
)

uH is the heat transfer area distribution function, uH = σβ
E is a diagonal matrix, E =diag(0, 0, ...,

Cp,ref

Cp
)

x is the vector of mass fractions augmented with dimensionless temperature

x = [ωCO, ωH2
, ωH2O

, ωN2
, ωC1

, ωC2
, ωC3

, ωC4
, ωC5+

, θ]

θ is the dimensionless temperature, θ = T−Tref

Tref

R̃(x) is the reaction rate vector in mass basis, kg/(m3 s)
R̃(x) = [R̃CO, R̃H2

, R̃H2O
, R̃N2

, R̃C1
, R̃C2

, R̃C3
, R̃C4

, R̃C5+
, R̃θ]

T

R̃θ is defined as:

R̃θ = −ΔrH
CpTref

rCO

To explain the terms in Equation 3.81: The first term on the right is mass consumption

or production due to reactions, the second term accounts for extra feed stream and the last
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term accounts for the heat added or removed from the reactor path. A brief explanation

to different design functions are given here and more details can be obtained in Hillestad

(2010).

Mixing: This design function is denoted by uM and it can have values between zero

and one. When it is zero, Equation 3.81 represents a plug flow model and when it is one,

it represents a completely mixed reactor (CSTR). For values between zero and one, the

mixing structure will be a plug flow with recycle.

Heat transfer: The design function uH = Uaσ
Cp,ref

defines the heat transfer area distri-

bution along the path. The function is dimensionless, where U is the overall heat transfer

coefficient and a is the heat transfer area density in m2/m3 .

Distributed feed: the design function uF = ασ represents the distribution of extra feed

along the path.

Chemical reactions: The design function uA is the relative catalyst activity or catalyst

dilution and it can vary between zero and one.

The optimal reactor configuration can be found by solving the following optimization

problem:

max J
[σ,u]∈ U

s.t dz
dξ = f(z, u); z(0) = z0

where:

z = [xT, γ]T

U is the design space. The objective function (J) considered here is the maximization

of the mass fraction of heavy components at the end of the path. The model equations

are discretized by orthogonal collocation method and formulated as nonlinear equality

constraints and the optimization problem is solved through infeasible path optimization.

Path constraints on the state variables are represented by nonlinear inequality constraints.

h(z, u) � 0

3.5 Model implementation in process simulator
Two critical challenges were faced during the implementation of the FT synthesis reactor

in a process simulator, such as Aspen HYSYS: the first one is related to the reaction rate

expression. Most process simulators, like Aspen HYSYS, accept reaction rate expressions

in specific forms and if a rate expression does not fit in that form, their implementation

will not be with ease. The second challenge is about the implementation of lumps. In

most process simulators, components are not allowed to have changing properties, such

as molecular weight, etc. This makes it challenging to implement lumps since they have

changing molecular weights. Several methods were investigated to overcome these chal-

lenges, which are introduced in this section. In the rest of the thesis, the term ”HYSYS”

will refer to ”Aspen HYSYS”. This is just for simplification of the text.

3.5.1 HYSYS extensibility (unit operation extension)
This is a powerful feature of HYSYS which enables users to add additional unit operations,

kinetic reactions, and other tools to the software. However developing and implementing
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a model is not easy as it requires a good understanding of HYSYS program and an object-

oriented programming language (VB or C++ or C#). A HYSYS extension consists of

two separate files: ActiveX server DLL (Dynamic Link Library) and the EDF (Extension

Definition File). DLL contains the compiled code and the EDF acts as the link between

DLL and the HYSYS program. The DLL file is written in an object oriented program-

ming language (VB or C++ or C#). The EDF file is created using the Extension View

Editor (supplied with HYSYS program). The relationship between the HYSYS program,

the EDF and the DLL can be represented as in Figure 3.3 which shows that HYSYS com-

municates with DLL through the EDF file. More details about HYSYS extensibility can

be found in extensibility manual (AspenTechnology, 2011). Unit operations built with

this method can only be used in HYSYS. This method worked well, however with some

serious drawbacks. The programming part was not robust, especially the debugging of the

code. Each of the DLL files needed to be registered on the computer, which was trouble-

some at times. Although this method worked, but it was not robust and therefore did not

meet our expectations.

Figure 3.3: HYSYS extensibility structure (AspenTechnology, 2011)

3.5.2 User-Unit operation in HYSYS
User-unit operation, like the unit operation extension, allows the user to build custom unit

operations for their simulations. Unit operation extension and the user-unit operation differ

mainly in the location of the defining code. With a user-unit operation the defining code is

written and exists within the HYSYS simulation. The other difference is that the code is

not in compiled form and the user-unit operation code is available to everyone which may

distribute confidential information. The disadvantages of using this method is the same

as making unit operation extension. Although this method worked, it was not robust and

therefore did not meet our expectations. More details about adding user unit operation can

be found in manual (AspenTechnology, 2011).

3.5.3 Aspen custom modeler (ACM)
Aspen Custom Modeler (ACM) is a powerful tool to make customized unit operation

models. These models can be used in process simulator software such as Aspen Plus

or HYSYS. ACM uses an object-oriented modelling language and Microsoft Visual Ba-

sic for scripts to build simulation applications. In this way a block can be built, where

the appropriate design equations are introduced and the input/output variables are defined

and linked dynamically with other available process equipment (AspenTechnology, 2011).

ACM can cope with different kinds of problems such as dynamic, steady state, parame-

ter estimation and optimization using an equation-oriented approach (AspenTechnology,

2011). An important feature of ACM is that it provides the possibility of using Aspen
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Plus property database which makes it possible to calculate properties of components with

different fluid packages. One disadvantage of ACM is that many equations must be solved

simultaneously and even the explicit variables are treated as equations. Another disadvan-

tage is related to initialization of all the variables. If the variables have values that are

away from the solution, the model will not converge. In general, main steps that must be

followed in order to implement a unit operation model into Aspen Plus or HYSYS using

ACM are:

• The governing equations such as mass and energy should be written for the equip-

ment and input and output variables must be decided. The system of equations

must have zero degree of freedom which means that the number of equations and

unknowns must be equal.

• The components that are involved in the simulation model should be declared. After

exporting the model to the process simulator software, the exact components that are

used during development of ACM model must be defined in the process simulator,

meaning that the components must have identical names in the process simulator

and in the ACM model.

• The model input and output streams must be declared and assigned to an input or an

output port, respectively. These ports are added to enable the module to exchange

information with other blocks in the process simulator. In order to be able to export

the new model to Aspen Plus or HYSYS, C++ compiler must be installed on the

computer. After exporting the model to HYSYS and in case it converges, it would

look like Figure 3.4.

Figure 3.4: ACM model in HYSYS

3.5.4 MATLAB CAPE-OPEN unit operation

CAPE-OPEN is a collection of open software interface standards that describe the inter-

action between flowsheet software components (Douglas, 1988). These set of standards

facilitate interoperability between process simulators and they cover most aspects of pro-

cess simulation activities: Unit operations, Thermodynamics, Physical properties, Numer-

ics, etc. COLaN is responsible for setting the standards and is a non-profit organization

(COLaN, 2017). If a unit operation is CAPE-OPEN compliant, it can be used in any pro-

cess simulation software that are CAPE-OPEN compliant. Typical setup for simulation

environments supporting CAPE-OPEN models is shown in Figure 3.5. End-user can plug

any CAPE-OPEN compliant property package or unit operation into any CAPE-OPEN
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compliant process modelling environment. Most of process simulation software (like As-

pen HYSYS, Aspen Plus, VMGsim, etc) have CAPE-OPEN sockets which means they

accept CAPE-OPEN unit operations and property packages.

Figure 3.5: Typical setup for simulation environments supporting CAPE-OPEN models (Van Baten,

2009)

MATLAB CAPE-OPEN unit operation is a CAPE-OPEN compliant unit operation

(AmsterChem, 2017). By using this unit operation, MATLAB code can be directly used

within HYSYS or any other CAPE-OPEN compliant software. All functions from MAT-

LAB library can be used within the simulation software. This is a great advantage of this

unit operation. The running time of this method is also remarkable compared to the other

methods mentioned before. This is the preferred method for building a new unit opera-

tion in any CAPE-OPEN compliant software. More information in use of CAPE-OPEN in

process simulation can be found in published literature (Van Baten & Pons, 2014; Baten

& Szczepanski, 2011; Morales-Rodriguez et al., 2008). In Appendix I, a brief introduc-

tion on how to simulate a unit operation by use of MATLAB CAPE-OPEN unit operation

(AmsterChem, 2017) in HYSYS is provided.
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Chapter 4
Conceptual Design of an

Autonomous Once-through

Gas-to-Liquid Process -

Comparison Between Fixed Bed

and Microchannel Reactors

This chapter is based on the published paper ”Conceptual design of an autonomous once-
through gas-to-liquid process - comparison between fixed bed and microchannel reactors”
in journal: Fuel Processing Technology , vol. 154, (2015), pp. 186 - 195.

A novel process concept is proposed for converting natural gas to liquid Fischer-

Tropsch products. An autothermal reformer with enriched air as oxidant is applied for syn-

thesis gas (syngas) production, and because of the inert nitrogen a once-through Fischer-

Tropsch synthesis is the preferred option. In order to maximize the syngas conversion and

the production of heavy hydrocarbons, a staged reactor path with distributed hydrogen feed

and product withdraw is proposed. The hydrogen is produced by steam methane reform-

ing in a heat exchange reformer (gas heated reformer), heat integrated with the hot effluent

stream from the autothermal reformer. Tail gas from the last Fischer-Tropsch stage is sent

to a gas turbine for power production. The hot exhaust gas from the gas turbine is used

for natural gas preheating. The process is autonomous in the sense that it is self sufficient

with power and water, and therefore well suited for production in remote locations such as

a floating production unit. The process concept is simple and inexpensive since cryogenic

air separation and fired heaters are not required. For the Fisher-Tropsch synthesis, both the

conventional shell and tube fixed bed reactors and microchannel reactors are considered

35



Chapter 4. Conceptual Design of an Autonomous Once-through Gas-to-Liquid Process -

Comparison Between Fixed Bed and Microchannel Reactors

and compared.

4.1 Introduction
Due to the depletion of easily accessible oil, and steadily increasing energy consump-

tion worldwide, focus is turned on untapped resources that are unused for technical or

economic reasons, such as associated and stranded gas reserves. One of the biggest chal-

lenges in exploiting remote gas reserves is transportation of the gas. Converting natural

gas to liquid fuels, gas-to-liquids, is one possibility to bring remote natural gas reserves to

the market.

If a floating production vessel is to be used for gas-to-liquid processing, there are sev-

eral requirements that are not necessarily equally restrictive for an onshore plant. There

are restriction with respect to space and the total weight of equipment. The floating pro-

duction vessel need to be autonomous in the sense that all production utilities, such as

water and power, need to be available onboard the unit. Due to safety issues a cryogenic

air separation unit may be problematic onboard a floating production vessel because of the

possibility of presence of pure oxygen in the vicinity of hydrocarbons. Also high columns

with liquid inventory on board a rolling vessel may create problems.

There has been some investigations looking at the feasibility of installing a gas-to-

liquid (GTL) process on a floating production storage and offloading (FPSO) vessel. Dae-

woo Shipbuilding & Marine Engineering together with RES Group Incorporated, have

completed conceptual design package of GTL process for FPSO application producing

20000 bbl/day of a Fischer-Tropsch liquid syncrude product. They considered steam-CO2

combined reforming for syngas production and slurry bubble column as Fischer-Tropsch

(FT) synthesis (Kim et al., 2014a). Velocys, which is one of the pioneers of commer-

cializing microchannel technology, propose the use of microchannel technology on FPSO

(Leviness et al., 2011; Tonkovich et al., 2008). Velocys together with Toyo Engineer-

ing and Mitsui Ocean Development & Engineering Co are working on commercializing

Micro-GTL technology which is applicable for small scale gas reserves. CompactGTL is

another leading company in modular small scale GTL. Together with Petrobras, they built

a fully integrated small scale GTL facility using associated gas. SBM Offshore together

with CompactGTL is cooperating on offshore projects to increase productivity and to re-

duce flaring. The concept utilizes CompactGTL technology for conversion of associated

gas into syncrude. Loenhout et al. (2006) proposed to use air instead of pure oxygen in the

reforming step. Three-phase slurry bubble column reactors were used for the two stages

of the FT reaction. Use of air in the reformer resulted in very large equipment downstream

the reformer. Masanobu et al. (2004) proposed to use oxygen blown autothermal reformer

(ATR), which requires an air separation unit onboard the ship. Syntroleum Corporation

has developed an offshore gas-to-liquid conversion process that uses air in a reforming

process step to produce syngas (Hutton & Holmes, 2005). The feasibility assessment of

utilizing associated gas and converting it into Fischer-Tropsch liquids on the FPSO was

studied by Chevron Research and Technology in cooperation with Fluor Daniel, Inc. and

Air Products and Chemical (Lowe et al., 2001).

Fonseca et al. (2012) used steam methane reformer to produce syngas. In their design,

they considered microchannels for the steam methane reforming and FT reactors. Kim
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et al. (2014b) considered process design and simulation of a methanol plant on an FPSO.

They used steam-CO2 reforming and plug flow reactor model in their design. The overall

process was set in a high pressure environment to comply with the spatially constrained

off-shore condition. Tonkovich et al. (2008) considered methanol production on an FPSO

using multiple microchannel unit operations. These unit operations include reactors, phase

separation, and distillation.

In our proposed design, the FT reactor path is staged with distributed hydrogen feed

and products withdrawal between the stages. A slightly under-stoichiometric H2/CO will

increase the production of C5+ products. To compensate for the consumption, hydrogen

is added between the stages. The hydrogen is produced by the use of a heat exchange

reformer (HER), a high temperature shift reactor and a membrane unit to separate H2 from

CO2. Part of the hydrogen will be used for product upgrading. Syngas is produced by

an autothermal reformer with enriched air as as oxidant. High once-through conversion

over the FT reactors, more than 90%, is possible even with inert nitrogen in the syngas.

The tail gas, being unconverted syngas, nitrogen, and lighter hydrocarbons, is used as fuel

for the gas turbine for necessary power production. Furthermore, the use of enriched air

instead of air to the ATR will increase the production of C5+ enough to compensate for

the extra investment of an air membrane and extra compressors. A comparison between

conventional fixed bed reactors and microchannel reactors is made. With fixed bed reactors

three stages are applied, while with microchannel reactors two stages are sufficient to

obtain high CO conversion with a once-through configuration. A comparison of the two

reactor types indicates that microchannel will require less space, but the total weight is

larger.

The selected capacity of the proposed GTL plant utilizes 120 MMscfd of natural gas

and produces about 58 tonne/h or more than 12000 bbl/day of hydrocarbon products. Nat-

ural gas specifications are given in Table 4.1. The natural gas NG1 is used throughout this

chapter as the base case, while NG2 is only applied to see the effect of a heavier natural

gas. The wax products need to be upgraded by hydrocracking in order to keep the oil

liquified and prevent the product viscosity from becoming too high, but also to saturate the

alkenes. If the GTL plant is integrated with oil production, the products may be blended

with the conventional oil. A simplified block flow diagram of the proposed process con-

cept is shown in Figure 4.1.

4.2 The proposed process concept
A more detailed process flow diagram of the proposed GTL process concept is shown

in Figure 4.2. The main areas shown here are syngas production, hydrogen production,

Fischer-Tropsch synthesis, in addition to gas turbine power generation, while the product

upgrading process and the steam utility system are not shown. After sulfur removal, the

natural gas is mixed with steam and preheated to 480 ◦C before entering the pre-reformer.

The outlet of the pre-reformer is further heated to ca 650 ◦C. These heat exchangers will

be located inside the exhaust gas duct from the gas turbine. Stream 100 is split into two

streams, 101 and 102, the former to the ATR and the latter to the HER. The energy required

for the steam reforming reactions in the HER is provided by the hot outlet stream from the

ATR. The outlet of the HER is cooled down to 350 ◦C before entering the high temperature
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Figure 4.1: Block flow diagram of the proposed process concept; water and steam are not shown.

water gas shift (WGS) reactor, shifting CO to CO2 and H2. After the WGS reactor, the

stream is cooled to ca 30 ◦C and water is knocked out before entering the membrane unit

for separation of H2. The hydrogen rich stream with 99 % purity is then compressed and

distributed between the Fischer-Tropsch stages. The CO2 rich stream, which also contains

some H2, CO and CH4, is compressed and recycled to the ATR. By adding this stream the

H2/CO ratio out of the ATR will be reduced, which is beneficial for the FT synthesis. The

effluent stream from ATR after heat exchange with the HER, is further cooled to 30 ◦C to

knock out water from the syngas. Without further compression the syngas stream is heated

to 210 ◦C before entering the first Fischer-Tropsch stage. The approximate inlet pressure

to the first stage is about 26 bar. In order to increase the rate of the FT reactions, and also

suppress catalyst deactivation, the gas outlet from FT reactors are cooled down and partly

condensed where water and hydrocarbon products are separated from the gas. The tail

gas, consisting of unconverted syngas, nitrogen and light gas components produced in the

Fischer-Tropsch reactors, is used as fuel in the gas turbine to supply power to consumers.

Simulations were carried out using HYSYS V8.6 process simulator. Modeling of Fis-

cher Tropsch reactor and HER are done using Aspen Custom Modeler. The other reactors

(WGS, Pre-reformer and ATR) are simulated using the Gibbs reactor model present in

HYSYS. Soave-Redlich-Kwong (SRK) equation of state is used as the thermodynamic

model to calculate thermodynamic properties. All chemical properties were provided by

Aspen Properties V8.6.
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Table 4.1: Specifications of the natural gas feeds; NG1 is used for all the results produced here,

while NG2 is used to see the effect of heavier natural gas.

NG1 NG2

Temperature [◦C] 50 50

Pressure [bar] 30 30

Flow [MMscfd] 120.2 120.2

Molar flow [kmol/h] 6000 6000

Mole fraction

CH4 0.95 0.85

C2H6 0.02 0.067

C3H8 0.015 0.033

n−C4H10 0.01 0.022

n−C5H12 0.005 0.011

CO2 0 0.017

4.2.1 Syngas production
An autothermal reformer is selected for syngas production. The main reasons are that the

H2/CO ratio can be adjusted to be close to the optimal ratio and the ease of scalability. The

ATR is a relatively simple piece of equipment with a burner and a catalyst bed in a brick-

lined pressure vessel (Rostrup-Nielsen, 2002). A pre-refomer is used in front of the ATR

to prevent coke formation on the ATR catalyst. Pre-reforming is usually operated adiabat-

ically at 400 − 550◦C, and almost all higher hydrocarbons are converted to methane and

carbon oxides. The pre-reformer is an adiabatic fixed bed reactor and the outlet condition

is calculated by assuming equilibrium.

With an air-blown ATR, it is practically impossible to recycle the unconverted syngas

because of very high nitrogen concentrations. This is also the case with enriched air, and

a once-through synthesis scheme is the only option to avoid high accumulation of nitro-

gen. However, by using enriched air instead of air, an increased production of 7.8 and

15.5 % can be obtained with fixed bed and microchannel reactors, respectively. PRISM

membrane separators from Air Products are considered (AirProducts, 2015). With these

membranes, enriched air with oxygen concentrations ranging from 25 to 50% can be ob-

tained. Considering the large air flow through the membrane and therefore avoiding a

very large membrane modules, a PRISM membrane is chosen to have 34% oxygen purity.

Long durability and simple startup of the separator are highlighted by the producer. Air

is fed to the membrane at 16 bar and 100 ◦C. The enriched air is on the permeate side at

a pressure of 1 bar, and needs to be re-pressurized before entering the ATR. Three com-

pressors are used before the air membrane and three compressors are used after the air

membrane. Inter-coolers are used between the air compressors in order to avoid excessive

air temperatures and compressor work.

An alternative to air or enriched air is to use pure oxygen. Pure oxygen from cryogenic

air separation poses significant safety challenges offshore, in addition to large investment

costs.
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4.2.2 Hydrogen production

As demonstrated here, slightly under-stoichiometric H2/CO ratios to the Fischer-Tropsch

reactors result in higher C5+ production. With under-stoichiometric H2/CO feed ratios, this

ratio will naturally decrease along the reactors. The stoichiometric consumption H2/CO

ratio can be calculated as described by Hillestad (2015). There are four reactions to take

into account, but the predominant reaction is the formation of alkanes. When the product

distribution follows the Anderson-Schulz-Flory distribution, the consumption ratio is 3−
α, where α is the propagation probability. The propagation probability will change with

the H2/CO ratio and the temperature, but a typical value of α is 0.94 giving a stoichiometric

H2/CO consumption ratio of 2.06. When H2/CO ratio is slightly under-stoichiometric,

more C5+ products can be obtained (Rafiee & Hillestad, 2012; Rytter, 2010) and in order

to compensate for the consumption, hydrogen is added between the stages.

Steam reforming with the use of a heat exchange reformer is applied to produce hydro-

gen with H2/CO ratios of more than three. Heat exchange reformers are now commercially

available and the technology is becoming mature. Kellogg Brown and Root (KBR) started

using this technology in 1994 (Malhotra et al., 2004), Haldor Topsøe in 2003 (Thomsen

et al., 2006), and Johnson Matthey/Davy Technologies has solid experience with this tech-

nology (Carson et al., 2010). Apart from being a hydrogen generator, the HER provides

efficient heat integration and avoids the use of a waste heat boiler. Here, the steam to car-

bon ratio (S/C) of the feed to the HER is chosen to be two. The heat exchange reformer

is counter current and consists of 1000 steam reformer tubes of 10 cm diameter and 10

m long. Modelling of the heat exchange reformer is described in detail by Falkenberg &

Hillestad (2015).

The remaining CO is converted to CO2 by the use of a water gas shift reactor. The

CO reacts with water to produce CO2 and H2. The WGS inlet gas is cooled to approxi-

mately 350◦C in E-104. Because of exothermic nature of WGS reaction, the temperature

increases along the reactor. For simulation purposes chemical equilibrium (Gibbs reactor)

is assumed at the outlet of the WGS and the operating conditions are 450◦C and 28 bar.

The WGS effluent is cooled down to 30◦C to remove most of the water before entering the

membrane.

With the use of a membrane, a hydrogen rich and a CO2 rich stream are produced. 85.5

% of the H2 is separated and ends up in the hydrogen rich stream. The CO2 rich stream

is recycled back to the ATR to decrease the H2/CO ratio at the outlet of the ATR. The

membrane used here is a carbon membrane. It is ceramic tubes covered with membrane

surface and tailored pores so that mainly hydrogen will pass through. The permeance of

hydrogen is 200 GPU and for CO2 it is 2 GPU, while for methane it is negligible (He,

2011). The membrane is countercurrent and there is no sweep gas on the permeate side.

This will produce very pure hydrogen on the permeate side.

4.2.3 Fischer-Tropsch Synthesis

Cobalt catalysts are more selective to higher hydrocarbons, more active at lower temper-

atures, considerably less shift active and less selective to alkenes than iron catalysts and

is therefore chosen for this process. On the other hand, the cost ratio between cobalt and

iron catalysts is 230 (Rao et al., 1992) based on the relative price of metals. Although a

41



Chapter 4. Conceptual Design of an Autonomous Once-through Gas-to-Liquid Process -

Comparison Between Fixed Bed and Microchannel Reactors

number of kinetic models have been proposed in the literature, we have chosen to apply a

rigorous kinetic model developed by Todic & al. (Todic et al., 2015, 2014a). The model is

based on experiments done in a stirred tank slurry reactor with cobalt catalyst over a range

of operating conditions which fits to our design conditions. The production of alkanes and

alkenes are described by two chain growth probabilities and both increases slightly with

the carbon number. The selectivities of methane and ethene are given by specific rate con-

stants. A method for handling infinite number of reactions and components, suggested by

Hillestad (2015) is used, where lumps of components and their average molecular weight

are accurately described without violating the element balances. The method provides an

accurate description of the overall consumption of CO and H2 without calculating very

many individual reaction rates. We have chosen to model alkane components individu-

ally up to C10 and a lump C
p
11+ describing the tail distribution. While for alkenes, with

less heavier components, we have chosen to model individual components up to C4 and

a lump Co
5+. The reason for having that many individual components is to get the phase

equilibrium calculations more accurate. For the sake of brevity the lumps C
p
5+ and Co

5+

are reported here, but they are made by adding individual components and the modeled

lumps. The molecular weight of the lumps C
p
11+ and Co

5+ will change as the propagation

probability changes. However, components in a process simulation system are normally

described by constant molecular weights, so also in Hysys. A way of handling this is to

let a lump with varying molecular weight be represented by two lumps with constant but

different molecular weight. This is described in detail by Hillestad (2015).

The Fischer-Tropsch synthesis is staged with product withdrawal and hydrogen addi-

tion between the stages. This enables high conversion of syngas and high selectivity to

higher hydrocarbons. The Fischer-Tropsch reactors are shell and tube fixed bed or mi-

crochannel fixed bed reactors. Since water is the main byproduct, the partial pressure of

water vapor increases along the reactor. This can cause hydro-thermal sintering of many

FT catalysts (Baxter, 2010; Tsakoumis et al., 2010). Once-through conversion in one

stage is limited to 80% to have the maximum C5+ selectivity and also preserve catalyst life

(Schanke et al., 2001). Studies of the effect of low amounts of water during FTS for cobalt

catalysts show that a low partial pressure of water (pH2O
/pH2

< 1) may have a positive

kinetic and selectivity effect during FTS (Lögdberg et al., 2011). However, at high water

partial pressures, oxidation of some cobalt to irreducible oxidized cobalt compounds may

occur (Schanke et al., 1995).

Studies on the kinetics of FT synthesis show that nitrogen only dilutes syngas and

therefore has no influence on the kinetics if the partial pressures of carbon monoxide and

hydrogen are kept constant (Jess et al., 1999). Moreover, nitrogen plays an important role

in the operation of multi-tubular reactors by facilitating removal of generated heat.

Fixed bed reactor

Considering the robustness against marine motion, and in particular inclination and inertia

effects, fixed bed reactors are considered a good option for installation on a FPSO. Slurry

bubble column reactors, having many favorable properties such as better heat transfer

properties, have large volumes of liquid inventory and may be sensitive to wave motion.

For the fixed bed reactor we assume a two-dimensional homogeneous reactor model with

no axial dispersion. Boiling water is used as the coolant and the coolant temperature
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is assumed to be constant along the axial direction. Three fixed bed reactor stages are

considered. The number of tubes at each stage is chosen such that the superficial gas

velocities in all stages are approximately 0.4 m/s. Table 4.2 shows the chosen design

parameters of the fixed bed model.

Table 4.2: Design parameters of fixed bed and microchannel reactors.

Fixed bed Microchannel

Catalyst bulk density [kg/m3] 1200 1200

Catalyst particle diameter [mm] 3 0.2

Catalyst void fraction 0.40 0.40

Cooling water temperature [◦C] 220 220

Diameter of tube / channel side [mm] 25 2×2

Length of tube / channel [m] 12 2

Due to diffusion, there are concentration gradients, and to some extent a temperature

gradient, inside a pellet. The effectiveness factor of a pellet, defined as the ratio between

the integrated reaction rate over the pellet volume and the rate at bulk gas conditions,

is normally less than unity. For a catalyst pellets of 3 mm diameter with homogeneous

distribution of active sites, and with a kinetic model as applied here (Todic et al., 2015,

2014a) and diffusivities found by Erkey et al. (1990), the effectiveness is calculated to be

0.20-0.25 on average along the reactor for the main reaction formation of alkanes. Due

to different diffusion rates of reactants, a pellet will affect the selectivity compared to the

intrinsic kinetics. Here, however, we assume the catalyst pellets have a thin layer of active

catalyst sites only on the external surface; eggshell catalyst. On the external surface we

may neglect the diffusion resistance. The volume fraction of active layer on a pellet is here

chosen to be 8 %. The catalyst loading can be increased beyond 8 % without running into

problems of temperature runaway since the syngas consists of more than 27 % nitrogen,

which helps mitigate temperature profile. Even with a homogeneous distribution of active

sites throughout the pellet and with our diluted syngas, the calculations indicate that the

temperature peak will be moderate. By increasing the catalyst loading on the pellet to 100

%, an effectiveness factor of 0.20-0.25 has to be applied. However, in the sequel we have

assumed 8% catalyst loading and no diffusion resistance.

Microchannel reactor

Microchannel technology, with numerous parallel channels of small dimensions, enhances

heat transfer because the specific heat transfer area is much larger. With microchannel

technology heat transfer rates are accelerated 10 to 1000 times (Leviness et al., 2011).

Reactors with microchannels are suited for reactions that are highly exothermic or highly

endothermic. Channels filled with FT catalyst powder and channels with coolant water

are arranged in a cross flow configuration. Our simulations are based on channels with

a dimension of 2 × 2 mm2 and a length of 2 meter. Considering the thickness of the

channel wall, the outer dimensions of each channel will be 3× 3 mm2. An illustration of

a repeating unit of microchannels is shown in Figure 4.3. The reactor consists of several
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thousands of these repeating units. We assumed a two-dimensional homogeneous model

with no axial dispersion. Boiling water is used as coolant and its temperature is assumed to

be constant along the axial direction. Particles with diameter of 0.2 mm are applied in the

reaction channels. Because of the small diameter a reasonable assumption is that there will

be no mass transfer limitation inside the particles, equivalent to setting the effectiveness

factor equal to unity for all reactions (Rytter et al., 2007). All catalyst sites are exposed

to the syngas, and that is why system volumes can be reduced up to 10 times compared

to conventional reactors (Leviness et al., 2011). Table 4.2 shows the design parameters of

the microchannel reactor model.

Figure 4.3: A repeating unit of a microchannel reactor.

Isothermal behavior of microchannel FT reactors has been demonstrated by Tonkovich

et al. (Tonkovich et al., 2008). The hot-oil-cooled microchannel reactors are isothermal

to within ±1◦ C (Deshmukh et al., 2010). This is also verified with our reactor model.

With very high heat removal capability, single pass conversions near 80% can be realized.

Unlike the fixed bed case, only two microchannel FT reactor stages are required due to

the high CO conversion at each stage. The tail gas out of the second stage contains large

amounts of nitrogen, 75 %, which makes it uneconomical to use a third stage. The tail gas

is sent to the gas turbine for power generation.

4.2.4 Gas turbine for power production

The tail gas from the last Fischer-Tropsch stage is used as fuel to the gas turbine for power

production. This gas consists of unconverted syngas, nitrogen, and lighter components

formed in the synthesis reactors. The retentate stream from the air separation membrane

is used as feed to the gas turbine. This stream is very useful as a feed to the gas turbine for

several reasons; it does not need to be pressurized because the pressure is 16 bar, it keeps

the turbine inlet temperature low, it contains nitrogen for cooling of the turbine blades,

and since it contains 10 % oxygen less air needs to be compressed. The amount of oxy-

gen to the gas turbine is adjusted to 15% more than the stoichiometric consumption, and

there is about 1.3 % excess oxygen in the exhaust gas. If the inlet pressure to gas tur-

bine is increased more power can be produced. However, to avoid two extra compressors,

16 bar pressure is chosen for power generation. With the high conversion obtained with

microchannel reactors, the tail gas contains 73% nitrogen and 13% CO2. This gas does
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not contain enough energy and in this case 20% of the excess hydrogen is added to the

tail gas as fuel to gas turbine. Still there is more than sufficient amount of hydrogen for

product upgrading. With the fixed bed reactors the conversion is lower and the tail gas

contains enough energy to produce sufficient power. The power production is sufficient

to provide power for all the consumers accounted for in this process. Approximately 22.7

MW and 9.3 MW of excess power is produced with fixed bed and microchannel reactors,

respectively. The temperature of the exhaust gas, after heat exchanged, is approximately

240 ◦C.

4.3 Results and discussion
To obtain a CO conversion of more than 90%, three fixed bed stages or two microchannel

stages are required for the FT synthesis. The number of tubes or channels in each stage are

selected so as to have approximately the same superficial gas velocity profile in all stages.

The lengths are not changed. The simulations are done for both air-blown and enriched

air-blown ATR, but only the results with enriched air are shown here. It is found that by

using enriched air instead of air, on average 7.8% and 15.5% more C5+ can be produced in

fixed bed and microchannel reactors, respectively.

In all simulations, the ATR outlet temperature is kept at 1060 ◦C and the steam-to-

carbon ratio to the ATR is 0.6, while to the HER the steam-to-carbon ratio is 2.0. The feed

composition to each stage is adjusted by hydrogen addition so that the H2/CO ratios are the

same and equal to the ratio from the ATR. Equal H2/CO ratios to each stage need not be

optimal, but is here chosen to be the case for convenience. Also the coolant temperatures

are chosen the same for all stages, 220 ◦C, and furthermore the gas residence times at each

stage are chosen the same. These parameters need not be optimal, and there is a potential

of reducing the FT reactor volume without losing production. This will be studied further,

and a methodology for systematic staging of reactor paths, described by Hillestad (2010),

will be applied to find the optimal conditions for all parameters.

4.3.1 The effect of the split ratio between ATR and HER
As the split ratio to ATR is increased, more natural gas is sent to ATR and less to HER.

Less gas to HER means less H2 and CO2 production, and therefore less CO2 recycle to

ATR inlet. This causes the H2/CO ratio to increase. In all simulations, methane selectivity

is higher in the next FT stage than in the previous one. The reason is that the applied

kinetic model (Todic et al., 2015, 2014a) predicts that the growth factor decreases with

decreasing pressure, and consequently more production of lighter hydrocarbons.

The effect of the split between the ATR and the HER for both FT synthesis reactor

types are shown in Tables 4.3 and 4.4. The overall CO conversions for both microchan-

nel and fixed bed simulations increases as the split ratio is increased. The reason for this

trend is attributed to the kinetic model that dictates enhanced rates at increasing H2/CO

ratios. On the other hand, the chain growth probability, and thus the selectivity to higher

hydrocarbons, decreases with increasing H2/CO ratios. In Tables 4.3 and 4.4 the pro-

duction rates of C5+ for both microchannel and fixed bed are seen to have a maximum,

though relative flat for the fixed bed. For the microchannel case the maximum is at 85
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% split and therefore this is chosen as the optimum split, while for the fixed bed 90% is

chosen as the optimum split in terms of C5+ production. The optimum split will certainly

depend on many parameters including temperature, the natural gas feed composition and

steam-to-carbon ratio. We know that if the H2/CO ratio at the inlet of the reactor is over

stoichiometric, this ratio gradually increases along the rector length. In Table 4.3 for the

92 % split the H2/CO ratio is over stoichiometric but this is not the case in Table 4.4. The

reason is that hydrogen usage is a function of chain growth probability (α) and α is a func-

tion of temperature, pressure and H2/CO ratio (Hillestad, 2015). For the same inlet H2/CO

ratio in microchannel and fixed bed, there is better temperature control in microchannel.

The pressure drop in two reactors is also different which influence the value of α. Since

we may have different α values in the two reactors for the same inlet H2/CO ratio, we see

this difference in Table 4.3 and Table 4.4.

Table 4.3: Simulations with fixed bed model and with different feed gas split ratios to ATR and

S/C=0.6.

Split ratios to ATR 0.85 0.9 0.92 0.95 0.97 1.0

H2/CO ratio to first stage 2.00 2.09 2.13∗ 2.18∗ 2.22∗ 2.28∗

CO Conversion [%] 88.9 89.5 89.9 90.5 91.0 90.6

C5+ production [tonne/h] 53.3 53.5 53.5 53.3 53.2 52.8

CH4 Selectivity in first stage [%] 6.4 6.9 7.1 7.4 7.6 7.7

CH4 Selectivity in second stage [%] 8.7 9.3 9.7 10.4 10.8 11.0

CH4 Selectivity in third stage [%] 13.1 14.2 14.9 16.9 18.4 19.4

* H2/CO ratio increased along the reactor length

Table 4.4: Simulations with microchannel model and different feed gas split ratios to ATR and

S/C=0.6.

Split ratio to ATR 0.82 0.85 0.87 0.9 0.92 0.95 0.97 1.0

H2/CO ratio to first stage 1.97 2.00 2.04 2.09 2.13 2.18* 2.22* 2.28*

CO Convesion [%] 95.6 96.0 96.5 97.1 97.5 99.0 99.9 100.0

C5+ production [tonne/h] 57.2 57.3 57.2 57.1 57.0 56.5 55.8 55.3

CH4 Selectivity in first stage [%] 7.0 7.3 7.7 8.3 8.8 9.5 10.0 10.7

CH4 Selectivity in second stage [%] 14.0 14.9 15.9 17.6 18.7 26.8 36.3 44.9

* H2/CO ratio increased along the reactor length

4.3.2 Steam-to-carbon ratio
The effect of the feed steam-to-carbon (S/C) ratio and the split ratio to the ATR on the

H2/CO ratio is shown in Figure 4.4. As the S/C ratio is increased, the H2/CO ratio out of

ATR increases. The effect of S/C ratio and the split ratio to the ATR on the C5+ production

rates in both fixed bed and microchannel are shown in Figure 4.5. Lowering the S/C ratio,
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Figure 4.4: H2/CO ratio out of the ATR as function of the split feed flow ratio to the ATR.

the H2/CO ratio of the syngas becomes lower, and the production of C5+ has a maximum

at a H2/CO ratio which is slightly under-stoichiometric. By reducing the S/C ratio from

0.6 to 0.3, about 4 tonnes/h more C5+ products can be produced. Although a low S/C ratio

is beneficial, a S/C ratio of 0.6 is chosen here because this ratio is industrially tested and

proven. The risk of coke formation and catalyst deterioration increases with lower S/C

ratios.

4.3.3 Design at the optimal split
The optimal ATR split with fixed bed FT synthesis reactors is 0.9 at a steam-to-carbon

ratio of 0.6. At these conditions, a summary of the the result of the chosen design is given

in Table 4.5. Similarly, the optimal ATR split with the microchannel FT synthesis reactors

is 0.85 at the the same S/C ratio, and a summary of the results of the chosen design is

given in Table 4.5. In the microchannel case, as much as 87.5% of the C5+ products are

produced in the first stage.

Table 4.5: Fixed bed model results with a split to ATR of 0.9 and microchannel model with split to

ATR of 0.85 and with S/C=0.6 for both cases.

Fixed bed Microchannel

Stages 1 2 3 Total 1 2 Total

Catalyst volume [m3] 286 225 179 690 96 64 160

CH4 selectivity [%] 6.9 9.3 14.2 9.0 7.3 14.9 8.5

CO conversion [%] 42.5 53.2 60.9 89.5 81.3 79.0 96.1

C5+ production [tonne/h] 26.3 18.4 8.8 53.5 50.1 7.1 57.3

At these split ratios, an overview of some important process streams are given in Tables

4.6 and 4.7 for the fixed bed and the microchannel reactors. The stream numbers are
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Figure 4.5: The production of C5+ with different S/C ratios and split ratios to the ATR, a) Fixed bed

model b) Microchannel model

referred to the process flow diagram in Figure 4.2. Temperature, pressure, mass flows in

addition to mass fractions of the important components are chosen to be shown. Stream

110 is the hot outlet stream from the ATR, while 120 and 130 are the feed and effluent

streams on the tube side of the heat exchange reformer. Streams 210, 220 and 230 are

the feed streams to stage 1,2 and 3 of the FT reactors, while stream 240 is the tail gas

and 250 is the total product stream. As can be seen in stream 210 and 220, the pressure

drop in the first fixed-bed reactor is lower than that of the microchannel reactor. Ergun

equation is used to calculate pressure drop in both reactor types. Although we have lower

superficial gas velocity in microchannel reactor, the particle diameter is 15 times smaller

in microchannel case which results in higher pressure drop.

4.3.4 Water and power

If the process concept is to be deployed on a FPSO, it needs to be self sufficient with water

and power. With the proposed process concept, there is no need to desalinate seawater or

burn extra natural gas. Table 4.8 shows the water balance for the two reactor concepts.

Water retrieved from the product may contain some oxygenates and small amounts of

hydrocarbons but the water is perfect to be used as feed to the ATR or HER. These com-

ponents will be reformed in the pre-reformer. Water retrieved from the syngas is much

cleaner, mainly small amounts of CO2 is present, and the water can easily be purified.

Table 4.9 shows the power balance. With fixed bed reactors the tail gas contains enough

energy, whereas with the microchannel reactors 20 % of the hydrogen is added to the tail

gas to obtain sufficient energy. In that respect the plant is autonomous in the sense that it

produces more power and water than is consumed.
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Table 4.6: Important stream information in the simulation with fixed bed model; the split to ATR is

0.9 and S/C = 0.6.

Stream 110 120 130 210 220 230 240 250

Temperature (◦C) 1060 441 1050 210 210 210 30 175

Pressure (bar) 28.50 28.50 26.49 27.00 24.60 22.12 19.99 19.99

Mass flow (tonne/h) 485.31 42.44 42.44 407.74 339.63 291.39 266.53 54.02

Mass fractions

CO 0.312 0 0.345 0.371 0.256 0.140 0.060 0.001

H2 0.047 0.003 0.095 0.056 0.039 0.021 0.008 0

H2O 0.161 0.726 0.425 0.002 0.001 0.001 0.001 0.002

CH4 0.002 0.237 0.005 0.003 0.011 0.021 0.031 0

C2-C4 0 0 0 0 0.006 0.014 0.022 0.002

C
p
5+ (alkanes) 0 0 0 0 0.005 0.008 0.010 0.891

Co
5+ (alkenes) 0 0 0 0 0 0 0 0.100

CO2 0.100 0.033 0.130 0.119 0.143 0.167 0.182 0.003

N2 0.377 0 0 0.449 0.538 0.627 0.686 0.002

4.3.5 Comparing fixed bed and microchannel reactors
The principal results for the two reactor types are given in Table 4.10. The reactor produc-

tivity in terms of catalyst volume, the microchannel reactor has 4.6 times larger productiv-

ity than the fixed bed. On the other hand, the total weight of the microchannel reactors are

calculated to be greater that the fixed bed. Including the catalyst weight the microchannel

reactors are 17 % heavier than with fixed bed reactors. The total weight includes cylindri-

cal pressure shells that the microchannel modules are kept in.

The carbon efficiency is defined as the fraction of the carbon of components in the feed

ending up as carbon of components in the product stream. Figure 4.6 shows the carbon

distributions with the two synthesis reactor types. With fixed bed, the carbon efficiency is

about 57 %, while with microchannel synthesis reactors is about 62 %. The main reason

is that higher conversion, and thus less CO in the tail gas, is obtained with microchannel

reactors. The rest of the carbon ends up in different components in the tail gas, includ-

ing CO2 produced in the ATR and lighter hydrocarbons produced in the Fischer-Tropsch

synthesis reactors.

The carbon distribution is an important process descriptor, but energy distribution

through the process is even more important. In the literature energy efficiency can be

calculated in different ways so they may be difficult to compare. Here we look at the

fraction of the total NG1 feed lower heating value (LHV) that is converted to LHV of the

product and hydrogen streams, in addition to power export, energy of steam and finally lost

energy. The tail gas and eventually some hydrogen are combusted to produce power that

covers the compressor demands. The compressors are not included as input energy since

their power demand is covered by the gas turbine. The excess power from the gas turbine,

adjusted with the Carnot efficiency to be comparable to thermal energies, is reported as

”power export”. Lost energy includes external cooling and thermal energy of the exhaust
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Table 4.7: Important stream information in the simulation with microchannel model; the split to

ATR is 0.85 and S/C = 0.6.

Stream 110 120 130 210 220 240 250

Temperature (◦C) 1060 441.2 1052 210 210 30 178.5

Pressure (bar) 28.50 28.50 28.10 26.93 22.80 19.15 19.15

Mass flow (tonne/h) 476.90 63.89 63.89 399.10 270.90 249.40 58.10

Mass fractions

CO 0.314 0 0.343 0.375 0.104 0.024 0

H2 0.045 0.003 0.095 0.054 0.015 0.002 0

H2O 0.165 0.727 0.428 0.002 0.001 0.001 0.004

CH4 0.002 0.236 0.005 0.003 0.023 0.032 0

C2-C4 0 0 0 0 0.017 0.027 0.002

C
p
5+ (alkanes) 0 0 0 0 0.007 0.009 0.857

Co
5+ (alkenes) 0 0 0 0 0 0 0.130

CO2 0.107 0.033 0.129 0.128 0.189 0.205 0.005

N2 0.366 0 0 0.438 0.645 0.700 0.002

Table 4.8: Water balance.

Water Stream [tonne/h] Fixed Bed Microchannel

Steam demand 105.7 119.1

Retrieved water from syngas 89.8 96.4

Retrieved water from product 87.5 92.8

Excess water 71.5 70.1

Table 4.9: Power balance.

Category Power source/ sink Fixed bed [MW] Microchannel [MW]

Power sinks

Aircompression

H2 compression

CO2 recycle to ATR

139

3.0

0.2

134.2

4.5

0.2

Power sources Gas Turbine 164.9 148.2

Excess power production 22.7 9.3

gas from the gas turbine, in addition to pressure losses and loss of energy in compressors

and turbine. Figure 4.7 gives a picture of the energy distribution with the two different

synthesis reactor types. We should also bear in mind that part of the hydrogen energy will

be transferred to the product after the product upgrading.

With fixed bed reactors 45 % of the natural gas LHV ends up in the product, while 9 %

ends up as LHV of excess hydrogen, 26 % is steam produced from the FT reactors and hot
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Table 4.10: Comparison between processes with fixed bed and microchannel reactors

Fixed bed Microchannel

Optimum feed split ratio to ATR 0.90 0.85

Total CO Conversion [%] 89.47 96.08

Total Methane Selectivity [%] 9.05 8.46

Carbon efficiency [%] 57.15 61.71

Catalyst volume [m3] 690 160

Size of reactors [m3] 3053 2115

Weight of empty reactors [tonne] 2141 3293

Weight of catalysts [tonne] 828 192

Reactor Productivity [tonne/(h m3)] 0.078 0.358

Surplus hydrogen [tonne/h] 4.4 4.7

syngas, 4 % is power export, while 16 % is lost energy. With the microchannel alternative,

50 % (slightly less) of the natural gas LHV ends up in the product stream, while 9 % ends

up as LHV of excess hydrogen. Less energy in steam production mainly due to less energy

in the hot syngas, and less power export and slightly less lost energy.

Reaction heat generated in the Fischer-Tropsch reactors will be used for medium pres-

sure steam production. This steam can be used in other parts of the process, however not

considered here. The amount of steam from the FT reactors are estimated to be 289.5 and

311.4 tonnes/h for the fixed bed and microchannel reactors. The sensible heat generated

from the FT reactors is calculated by integrating the heat transfer along the tubes, and the

amount of steam generated is calculated by heating and evaporating water from 20 ◦C and

23.19 bar. However, there will be more steam produced with the fixed bed alternative,

because of the higher split and thus the hot syngas after HER contains more energy.

4.3.6 The effect of heavier natural gas

The natural gas used so far, NG1 in Table 4.1, is relatively light. If the natural gas is

somewhat heavier, as NG2 in Table 4.1, what will be the consequences? Notice that 6000

kmol/h of NG2 contains more carbon that NG1. Notice also that the split parameter is not

optimized in this case.

With fixed bed reactors and with NG2 as the feed and the same conditions as de-

scribed in Table 4.5, i.e same split and S/C ratio, the production of C5+ is increased to

60.3 tonnes/h, while the CO conversion is about the same, and the methane selectivity is

decreased to 8.4 %. More hydrogen is distributed between the stages and excess hydrogen

has dropped to 3.8 tonnes/h, while the excess power is about the same. The same tendency

is also found with microchannel reactors. The methane selectivity drops to 7.6 %, the CO

conversion drops to 93.6 %, while the C5+ production increases to 63.7 tonnes/h. There

is a slight drop in the carbon efficiency, 61 %. The amount of distributed hydrogen is

increased so the excess hydrogen is lower.
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Figure 4.6: The relative distribution of carbon between the products stream and the tail gas, with a)

fixed bed reactor and with b) microchannel reactors.
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Figure 4.7: The relative distribution of energy content of the natural gas in different products streams

of the GTL plant with a) fixed bed reactors and b) microchannel reactors.
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4.3.7 Cost Estimation

The purchased cost for the fixed bed reactors is estimated based on different methods; dif-

ferent cost data of shell and tube heat exchanger extrapolated, the cost of material needed

and the cost of pressure vessels plus the cost of one inch tubes. The latter is used here,

and the cost of assembling the reactor is added, which is estimated equal to the material

costs. There are 48500 tubes distributed in two shells at the first stage, 38200 tubes dis-

tributed in two shells at the second stage and 30500 tubes in one shell at the third stage.

Purchased cost of the FT fixed bed reactors with catalyst is estimated to 42.6 million USD

and installed cost to 100.9 million USD. Installed costs include piping, equipment erection,

instrumentation and control, electrical and lagging and paint. The fixed bed FT reactors

constitute 37 % of the total costs when civil, structure, buildings, the upgrading unit and

the ship are not included. If the process is to be on a FPSO the upgrading process will be

relatively simple because the oil need to be refined onshore.

The total fixed capital investment including offsites, design and engineering and con-

tingency add up to approximately 500 million USD. Note that civil, structures, buildings,

the upgrading unit and the FPSO are not included in this estimate. The main reason for

the relatively low cost is that cryogenic air separation and conventional steam reformers

are avoided.

The estimated cost of microchannel reactors is higher, but there is no historical data

available to base concrete cost estimates on. It is higher because the microchannel reactors

require more material and the cost of producing the microchannel reactors is relatively

higher.

4.4 Conclusion

A novel process concept is proposed for converting natural gas to liquid hydrocarbon prod-

ucts. Syngas is produced in an enriched air-blown ATR at a slightly under-stoichiometric

H2/CO ratio. The synthesis section is staged and hydrogen is fed between the stages to

make up for the hydrogen consumption. Products and water are removed between the

stages. This enables a high CO conversion in a once-through configuration. The process

produces syngas and hydrogen in two parallel paths. Hydrogen is produced in a heat ex-

change reformer, heat integrated with the hot outlet from the ATR. The process does not

require cryogenic air separation or fired heaters. With the proposed configuration, high

once-through CO conversion, in the order of 90 % and more, is achieved.

Conventional fixed bed and microchannel reactor models for the FT synthesis are de-

veloped and tested separately in process simulations. The carbon efficiencies for a once-

through synthesis are calculated to be 57 and 62 % for the fixed bed and microchannel

reactors, respectively. The part of the energy that ends up in the product is 45 and 50 %

for the fixed bed and microchannel reactors. However, the fixed bed alternative produces

more energy as steam and power for export.

A natural gas with heavier gas gives more products and less excess hydrogen. As long

as there is sufficient excess hydrogen for upgrading, the heavier natural gas NG2 gives a

more favorable energy distribution.

The process is autonomous as it is self-sufficient with power and water. The total in-
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vestment of a 12000 bbl/day plant without considering the ship, buildings and structures

or the upgrading unit is estimated to approximately 500 million USD with fixed bed reac-

tors. Even when everything is not counted in the total cost, the proposed process concept

is estimated to be less expensive than existing projects. The main reason for the low cost

is that cryogenic air separation and the costly steam methane reformer are avoided.
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Chapter 5
Evaluation of Kinetic Models for

Fischer-Tropsch Cobalt Catalysts in

a Plug Flow Reactor

This chapter is based on the published paper: ”Evaluation of kinetic models for Fischer-
Tropsch cobalt catalysts in a plug flow reactor” in journal: Chemical Engineering Re-
search and Design, vol. 114, (2016), pp. 236 - 246.

In order to do a good and realistic design of a Gas-to-Liquid (GTL) plant, it is nec-

essary to have kinetic models that correctly capture major variations of reaction rates and

selectivities subject to changes in process parameters. In this study, a review of pub-

lished kinetic rate models is done and twelve of them are analyzed based on different

criteria, such as their behaviour at high conversions, high water partial pressure, sensitiv-

ity to added water, selectivity to C5+ products, etc. The rate models are implemented in a

plug flow reactor model. Both fixed bed and microchannel reactors can quite accurately

be represented by such a model. Here, the main purpose is to see the kinetic effects with

changing composition along the reactor. In order to predict the product distribution, we

have proposed our own chain growth model and fitted parameters to experimental data

from Yang et al. (2016). The chain growth model includes the effect of water and predicts

the C5+ and methane selectivities quite well.

5.1 Introduction

There are numerous models available predicting reaction rates of the Fischer-Tropsch syn-

thesis (FTS), and there is a diversity of different model structures. The reasons for the

diversity may be assigned to different type of catalyst, type of support and promoters, cat-
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alyst particle size and pore size, etc. In Table 5.1 a summary of 30 selected kinetic studies

on cobalt catalysts is presented, dating back to 1949 to present, where different reactor

types are applied, in addition to temperature, pressure and H2/CO ranges. Some of the

kinetic models give a detailed description of formation rates of individual components,

while most models only describe the overall consumption rate of CO given as simple rate

expressions. In Table 5.2 a summary of the latter type is listed. Some of the models (Yang

et al., 1979; Pannell et al., 1980; Wang, 1987) are simple power law expressions:

− rCO = aP b
H2

P c
CO (5.1)

In these expressions b is positive and c is negative, suggesting inhibition by adsorbed CO.

Anderson (1956) found that the equation developed by Brötz (1949) to be inadequate for

data over a wide range of inlet H2/CO ratios and developed an equation by suggesting that

the rate is proportional to the desorption of chains. The concentration of growing chains

on the catalyst surface was related empirically to P 2
H2

PCO . Zennaro et al. (2000) fitted

their data fairly well by a simple power law expression of the form:

− rCO = aP 0.74
H2

P−0.24
CO (5.2)

However, they reported that the data are best fitted by a Langmuir-Hinshelwood (LH) rate

model similar to that proposed by Yates & Satterfield (1991).

− rCO =
aPCOP

0.74
H2

(1 + bPCO)2
(5.3)

Yates & Satterfield (1991) proposed the following rate model:

− rCO =
aPCOPH2

(1 + bPCO)2
(5.4)

They correctly pointed out that it is often a high degree of covariance between the esti-

mated parameters, so that several terms in the denominator can barely be justified from

a statistical perspective. In terms of Langmuir-Hinshelwood (LH) kinetics, one of these

parameters would represent a surface rate constant while others are adsorption equilibrium

coefficient. It is assumed that CO is the predominant surface species, which is justified by

non-reacting, single component adsorption data on cobalt surfaces.

Botes et al. (2009), in their search for a suitable model, tested 16 different reaction

models and came up with an LH kinetic model. Their preferred kinetic model is considered

semi-empirical because it cannot be derived from an assumed reaction mechanism.

Keyvanloo et al. (2016) explored several mechanisms and LH rate models. Their pro-

posed rate is:

− rCO =
aP 0.5

COP
1
H2

(1 + bPCO + cP 0.5
H2

)2
(5.5)

In the denominator b is an activated rate constant and not an equilibrium constant. There-

fore b increases with increasing temperature instead of decreasing. Ma et al. (2014) ob-

served a positive kinetic water effect on Co/Al2O3 catalyst. It is consistent with the results

of the effect of co-fed water on cobalt FTS in this work and the literature (e.g. Lögdberg
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et al. (2011) ) for Co/Al2O3 catalysts. Ma et al. (2014) employed their empirical model

which has the effects of water:

− rCO =
k1(T )P

−0.31
CO P 0.88

H2

1− 0.24
PH2O

PH2

(5.6)

Some researchers have proposed more detailed kinetic models which are more com-

plex and include a description of product distribution. The works of Storsæter et al. (2006);

Visconti et al. (2007, 2011); Todic et al. (2013, 2014a, 2015); Mosayebi & Haghtalab

(2015) and Mosayebi et al. (2016) are among this category.

The role of water on catalytic activity is a highly complex matter. Water is known to

increase or decrease the catalytic activity. The influence of water on the cobalt-FT reaction

kinetics has become an important topic in the literature and some authors have started to

include water in their kinetic models (Withers et al., 1990; Van Steen & Schulz, 1999;

Das et al., 2005; Bhatelia et al., 2011; Ma et al., 2014). The results of water co-feeding

studies have not been very consistent, as some reported a positive effect on the reaction

rate (Schulz et al., 1994; Krishnamoorthy et al., 2002; Li et al., 2002b) and some a negative

influence of water on the reaction rate (Li et al., 2002c), while others have found no effect

at all (Schulz et al., 1997; Li et al., 2002a). According to Ma et al. (2014), a positive water

effect on the FT rate was observed on SiO2 supported Co catalysts (Krishnamoorthy et al.,

2002; Li et al., 2002b; Storsæter et al., 2005), a positive (Storsæter et al., 2005) or a slightly

negative (Li et al., 2002a) water effect was observed on Co/TiO2 catalysts, and a negative

(Li et al., 2002c) or no significant effect (Schulz et al., 1997; Botes, 2009) or a positive

water effect (Borg et al., 2006; Lögdberg et al., 2011) was observed on Co/Al2O3 catalysts.

Dalai & Davis (2008) reviewed water effects on the performances of unsupported and

supported Co catalysts. They concluded that the effects of water on FTS is quite complex

and depends on the support and its nature, Co metal loading, its promotion with noble

metals, and preparation procedure.

The product distribution from the Fischer-Tropsch synthesis is often described by the

Anderson-Schulz-Flory (ASF) distribution, where the distribution is given by a single pa-

rameter; the chain growth probability or growth factor (α). In order to perform an FT

reactor design with realistic evaluation of the products produced, there is a need for a way

to quantify the product distribution. Some kinetic models include a description of product

distribution. However most of them need a chain growth model to account for product

distribution. Hydrocarbon selectivities depend on local conditions like temperature, pres-

sure and species concentrations, in particular of carbon monoxide and hydrogen, but also

on produced water. Therefore a suitable chain growth model should include these vari-

ables. The effect of some of the most important parameters affecting product selectivity

are discussed thoroughly in literature by for example Van Der Laan & Beenackers (1999).

According to Ma et al. (2014), the effect of water on selectivities to C5+ and CH4 for

cobalt based catalyst has reached a consensus; indigenous or added water increase C5+

selectivity and decrease CH4 selectivity (Schulz et al., 1997; Krishnamoorthy et al., 2002;

Storsæter et al., 2005; Botes, 2009; Ma et al., 2011). Lögdberg et al. (2010) investigated

the effect of adding water vapor to 20 cobalt-based supported catalysts. Although there

was a large variation in selectivity, added water increased C5+ selectivity and decreased

CH4 selectivity for all catalysts. It is surprising however, that none of the available chain
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growth models in literature have water partial pressure as a variable. In this article we

propose a new chain growth model which includes the effect of water and predicts the C5+

and methane selectivities quite well.
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Table 5.2: Simple rate models proposed for Cobalt FTS

No. Study Rate model

1 Brötz (1949) rCO =
aP2

H2
PCO

2 Anderson (1956) rCO =
aP2

H2
PCO

1+bP2
H2

PCO

3 Yang et al. (1979) rCO = aPH2
P−0.5
CO

4 Pannell et al. (1980) rCO = aP 0.55
H2

P−0.33
CO

5 Outi et al. (1981) rCO =
aP1

H2
P0.5
CO

(1+bP0.5
CO)3

6 Wang (1987) rCO = aP 0.66
H2

P−0.5
CO

7 Wojciechowski (1988) rCO =
aP0.5

H2
P1
CO

(1+bP1
CO+cP0.5

H2
)2

8 Sarup & Wojciechowski (1989) rCO =
aP0.5

H2
P0.5
CO

(1+bP0.5
CO+cP0.5

H2
+dPCO)2

9 Withers et al. (1990) rCO =
aPH2

1+b
PH2O

PCOPH2

10 Yates & Satterfield (1991) rCO =
aP1

H2
P1
CO

(1+bP1
CO)2

11 Iglesia et al. (1993) rCO =
aP0.6

H2
P0.65
CO

1+bP1
CO

12 Van Steen & Schulz (1999) rCO =
kP1.5

H2

PCO
PH2O

(1+kPH2
(

PCO
PH2O

))2

13 Zennaro et al. (2000) rCO =
aP0.74

H2
P1
CO

(1+bP1
CO)2

13 Zennaro et al. (2000) rCO = aP 0.74
H2

P−0.24
CO

14 Elbashir & Roberts (2004) rCO =
aP0.5

H2
P0.5
CO

(1+bP0.5
CO+cP0.5

H2
+dPCO)2

15 Das et al. (2005) rCO =
aP 0.25

CO P0.5
H2

1+m
PH2O

PH2

18 Irankhah et al. (2007) rCO =
aP0.5

H2
P0.5
CO

(1+bP0.5
CO+cP0.5

H2
+dPCO)2

19 Botes et al. (2009) rCO =
aP0.5

COP0.75
H2

(1+bP0.5
CO)2

20 Atashi et al. (2010) rCO =
aPCOPH2
1+bPCO

20 Atashi et al. (2010) rCO =
aPCOP2

H2
(1+2(bPCO)0.5)2

21 Bhatelia et al. (2011) rCO =
aP0.5

H2
PCO

(1+bPCO+cP0.5
H2

+mPH2O)2

23 Mansouri et al. (2013) rCO =
aPH2

(1+bPCO)2

24 Nikparsaa et al. (2014) rCO =
aPH2

PCO

(1+bPCOP0.5
H2

)2

26 Ma et al. (2014) rCO =
aP 0.31

CO P0.88
H2

1+m
PH2O

PH2

30 Keyvanloo et al. (2016) rCO =
aP0.5

COPH2

(1+bPCO+cP0.5
H2

)2
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5.2 Chain growth models

5.2.1 From literature
Only few detailed product distribution models have been proposed for Co-based FTS;(Visconti

et al., 2007; Kwack et al., 2011; Visconti et al., 2011; Todic et al., 2013, 2014a, 2015;

Mosayebi & Haghtalab, 2015; Mosayebi et al., 2016). Many of the chain growth models

available are parts of micro kinetic models where chain growth probability changes with

the propagation step. The growth factor is the ratio between two consecutive product for-

mation rates which is a constant. However, what is often observed is a distribution that can

be described by two or more growth factors. A possible model is to let the growth factor

α1 be the larger to produce paraffins, and the growth factor α2, be the smaller to produce

olefins. The FT reactions may be lumped into one reaction, and if all products with five

and more carbons is lumped into a single C5+ component, the reaction can be written as:

CO+ U ·H2
rFT−−→ H2O+ ν1C1 + ν2C2 + ν3C3 + ν4C4 + ν5+C5+ (5.7)

In addition, a known deviation from ideal ASF distribution is the enhanced production of

methane, which can be accounted for by introducing an extra methanation reaction. How

to calculate the stoichiometric coefficients U , νi and average carbon number of the lump is

shown by Hillestad (2015). The stoichiometric product coefficients are νi = (1−α)2αi−1

and ν5+ = (1− α)α4. The stoichiometric usage ratios of hydrogen, U , for production of

paraffins and olefins are:

U1 = 3− α1 (5.8)

U2 = 2 + (1− α2)
2 (5.9)

Depending on α1 and α2, the stoichiometric usage ratio will be slightly above 2. If

the amount of H2 in the feed is more than the stoichiometric usage ratio, CO will be the

limiting reactant and the H2/CO ratio will increase along the reactor. On the other hand, if

the amount of H2 is below the stoichiometric usage ratio, H2 will be the limiting reactant

and the H2/CO ratio will decrease along the reactor.

A very simple chain growth model is suggested by Yermakova & Anikeev (2000) as

an empirical relation between α and the compositions of H2 and CO after testing several

different equation forms:

α = A
yCO

yH2
+ yCO

+B (5.10)

Here, yCO and yH2
are the mol fractions of CO and H2 in the gas phase. They fitted this

model to their experimental data over an alumina-supported cobalt catalyst promoted with

zirconium, and estimated constants A and B to be 0.2332± 0.0740 and 0.6330± 0.0420,

respectively. This model lacks temperature dependency and Song et al. (2004) modified

the model to:

α = (A
yCO

yH2
+ yCO

+B)[1− 0.0039(T − 533)] (5.11)

They found the slope of temperature dependency by fitting equation 5.11 to various

experimental data in the review paper by Van Der Laan & Beenackers (1999). However,
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there is a concern over this temperature correlation in that the data in the mentioned ref-

erence are related to Fe and Ru catalysts which are different from the original catalyst for

which equation 5.10 is developed. Lox & Froment (1993) proposed a chain growth model

for an iron catalyst which is a function of temperature:

α =
k1(T )PCO

k1(T )PCO + k2(T )PH2
+ k3(T )

(5.12)

Vervloet et al. (2012) derived a chain growth model for a cobalt catalyst:

α =
1

1 + kα(
CH2

CCO
)β exp(ΔE

R ( 1
493.15 − 1

T ))
(5.13)

The model does not take into account the effect of water. Kruit et al. (2013) and Becker

et al. (2016) have used this model in their work to explain the deviations from the ASF

distribution by using an α which is dependent on process conditions.

Ermolaev et al. (2015) used the following growth model in their fixed bed model with

cobalt catalysts:

α =
1

1 + kα

P
2/3
CO P

2/3
H2

.(1 + 1
1+kβP 0.5

H2

)
(5.14)

Where

kα = 40.3 exp(−9600(
1

T
− 1

488.15
)) (5.15)

kβ = 0.035 exp(−4800(
1

T
− 1

488.15
)) (5.16)

All parameters, such as pre-exponential factors and activation energies, were obtained

from experimental data of laboratory scale fixed bed reactor.

Extensions to the ASF model has been made by Frtsch et al. (2015) to account for devi-

ations from ASF distribution. These extensions includes a description of enhanced product

formation and re-adsorption. However, estimating several parameters from experimental

data can be uncertain especially in case of deviations from ideal experimental conditions,

such as diffusion limitations, existence of local hot spots or product accumulation in the

reactor (Frtsch et al., 2015).

5.2.2 Our proposed model

In order to predict the product distribution, we have developed a chain growth model based

on the experimental data of Yang et al. (2016). They performed a kinetic investigation

on 40%Co/1%Re/γ-Al2O3 catalyst at reactor conditions of 210 - 240 ◦C, 20 - 40 bar

and feed H2/CO = 2.17. They studied the effect of operation temperature, pressure and

gas-hourly space velocity on CO conversion, C5+ selectivity, CH4 selectivity and stability

during Fischer-Tropsch synthesis in a microchannel reactor. The model structure is based

on the propagation probability being equal to the ratio of propagation rate and the sum
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of propagation and termination rates. Empirical exponents are introduced and only one

temperature parameter is estimated. The fitted model is:

α =
1

1 + k2(T )
P 1.45

H2

PCOP 0.253
H2O

(5.17)

k2(T ) = 0.0233 exp(−1959(
1

T
− 1

483
)) (5.18)

The effects of temperature, partial pressures of H2O, H2 and CO are taken into account

in this model. The growth probability decreases slightly with increasing total pressure, and

increases with increasing H2O partial pressure. With increase in H2/CO ratio, the growth

factor decreases.

A plug flow model is applied to simulate the 18 last experimental points from Yang

et al. (2016). These points are from the same catalyst batch. Experimental CO conversion,

C5+ and CH4 selectivities range from 20 - 80 %, 76 - 88 % and 6 - 12 %, respectively (see

Figure 5.1). The kinetic rate model suggested by Ma et al. (2014) is implemented and only

one parameter of this rate model is adjusted, the level of k and not the activation energy,

as the cobalt loading is different. The rate constant is given by:

k(T ) = 0.0234 exp(−104000

R
(
1

T
− 1

483
)) (5.19)

A separate methanation reaction is added to account for the higher methane selectivity

than predicted by the ASF distribution. The methanation reaction is found to be propor-

tional to the methane formation rate from reaction 5.7 and is estimated to be:

rCH4
= 7.70rFT(1− α)2 · exp(−36687

R
(
1

T
− 1

483
)) (5.20)

The olefin production rate is set to 8% of paraffin production rate. To account for the

production of olefins, the chain growth factor proposed by Todic et al. (2014a) is used:

α2 = α1 exp(−0.27) (5.21)

C1 to C4 carbon selectivities (SCi
) are calculated as:

SCi
= i× F out

Ci
− F in

Ci

F in
CO − F out

CO

× 100 i = 1 : 4 (5.22)

Where FCi is the molar flow of hydrocarbons containing i number of carbon atoms. C5+

selectivity is calculated as:

SC5+
= 100−

4∑
i=1

SCi
(5.23)

As a result, the reactor model predicts CO conversion, C5+ and CH4 selectivities quite

well, as shown in Figures 5.1 and 5.2.
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Figure 5.1: Parity plots of measured and estimated CO conversion, C5+ and CH4 selectivities for the

developed chain growth model.

5.3 Evaluation of kinetic models

In order to compare different kinetic models, they were implemented in a plug flow model.

Our proposed chain growth model (eq. 5.17) is used to calculate selectivities toward C5+

and CH4 as described in previous section. Olefin chain growth factor is calculated with

eq. 5.21. The olefin production rate is set to 8% of paraffin production rate. To account

for higher production of methane than predicted by ASF distribution, eq. 5.20 is also

implemented. A total of 12 kinetic models mentioned in the work of Ma et al. (2014) is

the basis for the present work. They fitted those models to their experimental data on a

25 %Co/Al2O3 catalyst and calculated parameter values for different kinetic rate models.

Here we use the same parameter values so that the different rate models, presented in Table

5.3, are compared on the same basis.

For each reaction rate model, six different scenarios are investigated which are one over

stoichiometric and two under stoichiometric H2/CO ratios at the inlet of the reactor, each

with and without added water. They are shown schematically in Figure 5.3. The trends

observed for understoichiometric H2/CO ratios of 2.0 and 1.5 are similar and therefore

only results for one of them, namely H2/CO = 2.0 are shown in the following figures.

The reactor is operating at 27 bar and nearly isothermal conditions at 220 ◦C. Behaviours

of rate models and chain growth model as function of H2/CO ratio, H2O/H2 ratio and

CO conversion are investigated along the reactor. The effect of CO conversion on C5+

selectivity is also studied.

5.3.1 Water addition

In practice, even after the water is knocked out before the FT reactor, the syngas will

always contain some water. There has been numerous studies looking into the effects of

added water on FTS. For these reasons, it is worthwhile to investigate how different rate

models and our chain growth model (eq. 5.17) react to added water in the feed. 20% water

is added for this investigation. Upon water addition, the total pressure and the flow rate
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Table 5.3: Kinetic models used (parameter values from Ma et al. (2014) )

Number* Model
Study number

in Table 1
Parameter values

r1 rCO = kPa
COPb

H2
3,4,6,13

k,mol/g-cat/h/MPa ˆ(a+b)

0.0137

a

-0.35

b

0.81

r2 rCO =

kP0.65
CO P0.6

H2
(1+K1PCO)

11
k,mol/g-cat/h/MPa ˆ(1.25)

0.6500

K1,MPaˆ(-1)

41.30

r3 rCO =

kPCOP0.74
H2

(1+K1PCO)2
13

k,mol/g-cat/h/MPa

0.3080

K1,MPaˆ(-1)

3.90

r4 rCO =

kP0.5
COP0.5

H2
(1+K1P0.5

CO
+K2P0.5

H2
)2

7,8
k,mol/g-cat/h/MPa

0.0976

K1,MPaˆ(-0.5)

2.36

K2,MPaˆ(-1)

-0.67

r5 rCO =

kPCOP0.5
H2

(1+K1PCO+K2P0.5
H2

)2
7,8

k,mol/g-cat/h/MPa ˆ(1.5)

0.0782

K1,MPaˆ(-1)

1.95

K2,MPaˆ(-1)

-0.48

r6 rCO =
kPCOPH2

(1+K1PCO)2
10

k,mol/g-cat/h/MPa ˆ(2)

0.2696

K1,MPaˆ(-1)

3.61

r7 rCO =

kPCOP2
H2

(1+K1PCOP2
H2

)
2

k,mol/g-cat/h/MPa ˆ(3)

0.1130

K1,MPaˆ(-3)

4.83

r8 rCO =
kP0.5

COPH2
(1+K1P0.5

CO
)3

5
k,mol/g-cat/h/MPa ˆ(1.5)

24.60

K1,MPaˆ(-0.5)

1.65

r9 rCO =

k(PCOP1.5
H2

/PH2O)

(1+K1PCOPH2
/PH2O)2

12
k,mol/g-cat/h/MPa ˆ(2)

0.01470

K1,MPaˆ(-1)

0.19

r10 rCO =

kPCOP0.5
H2

(1+K1PCO+K2P0.5
H2

+mPH2O)2
21

k,mol/g-cat/h/MPa ˆ(1.5)

0.0560

K1,MPaˆ(-1)

1.61

K12,MPaˆ(-0.5)

-0.51

m,MPaˆ(-1)

-0.17

r11 rCO =

kP0.5
COP0.75

H2
(1+K1P0.5

CO
)

19
k,mol/g-cat/h/MPa ˆ(1.25)

1.36

K1,MPaˆ(-0.5)

8.16

r12 rCO =

kP
0.31

CO
P0.88
H2

1+m
PH2O

PH2

26
k,mol/g-cat/h/MPa ˆ(0.57)

0.0133

m

-0.24

* Numbers in the following figures refer to these rates

Table 5.4: Inlet mol fractions for different scenarios

Without water present With water present

Components
Over stoichiometric

(H
2

/CO = 2.5)

Under stoichiometric

(H
2

/CO = 2.0)

Under stoichiometric

(H
2

/CO = 1.5)

Over stoichiometric

(H
2

/CO = 2.5)

Under stoichiometric

(H
2

/CO = 2.0)

Under stoichiometric

(H
2

/CO = 1.5)

H
2

0.714 0.667 0.6 0.5714 0.53333 0.48

CO 0.286 0.333 0.4 0.2286 0.26666 0.32

H
2

O 1 ppm* 1 ppm* 1 ppm* 0. 2 0.2 0.2

* Very low amount of water to avoid mathematical error in α model and some rates
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Figure 5.2: Order plot of measured and estimated CO conversion, C5+ and CH4 selectivities for the

developed chain growth model.

of synthesis gas are kept constant. Thus, the partial pressures of the reactants are reduced

as water is introduced in the feed stream. The water flow rate is 20% of the syngas flow

rate. Therefore the total flow rate with water addition is 20% higher than the case without

water. Inlet compositions for different cases are shown in Table 5.4.

5.3.2 Behaviour of chain growth model

Behaviour of our chain growth model (eq. 5.17) versus CO conversion, H2/CO ratio and

H2O/H2 ratio is shown in Figure 5.4. The α behaviour as a function of these variables is the

same with all kinetic models. It is clearly seen that water has positive effect on α model and

increases C5+ selectivity. Having an under stoichiometric H2/CO ratio at the inlet, the ratio

decreases along the reactor; while and over stoichiometric H2/CO ratio at the inlet, gives
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H2

CO ratio at the inlet

Over stoichiometric

(2.5)

Without added water With added water

Under stoichiometric

(2.0),(1.5)

With added water Without added water

Figure 5.3: Simulation scenarios

the opposite effect. Lower H2/CO ratios yields higher α values. In Figure 5.4, it worth to

note the behaviour of α model versus CO conversion with overstiochiometric feed. Both

curves increase up to CO conversion of about 80% and then they start to decrease. The

reasons are attributed to counteracting effects of increasing H2/CO ratio and water partial

pressure on α. In Figure 5.4d, the effect of CO conversion on C5+ selectivity is shown. It

follows the same trend as α model (Figure 5.4a).

5.3.3 Behaviour of kinetic rate models

In Figure 5.5, the response of kinetic models as a function of CO conversion along the

reactor is plotted. All kinetic models follow the same trend, except r9, r10 and r12 which

have water term in their structure and with increase of CO conversion, water makes its

impacts. r9 has a bell shape in scenarios with no added water, mainly because of having

two water terms in the denominator. r10 shows typical behaviour as the rest of the models

in under stoichiometric cases, while it increases with conversion before a steep decline as

conversion approaches 100% in over stoichiometric cases. r12 reaches a singularity point

in its denominator at conversions of about 80% which makes it to go to infinity. r1 goes to

infinity at high conversions in over stoichiometric scenarios, because CO which is in the

denominator of this rate model gets depleted. One point to mention is that in cases with

under stoichiometric H2/CO ratios at the inlet, none of the rate models reach 100% CO

conversion, because H2 gets depleted and becomes the limiting reactant.

In Figure 5.6, different rate models are plotted against the H2/CO ratio along the re-

actor. Again all kinetic models follow more or less the same trend except r9, r10 and

r12. In under stoichiometric scenarios, H2/CO ratio decreases along the reactor. In over

stoichiometric scenarios, H2/CO ratio increases along the reactor.

In Figure 5.7, different rate models are plotted against the H2O/H2 ratio along the

reactor. These reflect zones in which catalyst is prone to deactivation with high water

partial pressure. Again all kinetic models follow more or less the same trend except r9,

r10 and r12.
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(a) (b)

(c) (d)

Figure 5.4: a, b & c: Chain growth probability as a function of CO conversion, H2/CO and H2O/H2

ratio with under and over stoichiometric H2 feed; d: C5+ selectivity versus CO conversion with under

and over stoichiometric H2 feed
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(a) (b)

(c) (d)

Figure 5.5: Reaction rates versus CO conversion for different rate models with under and over

stoichiometric H2 feed: a) Under stoichiometric with no added water; b) Over stoichiometric with

no added water; c) Under stoichiometric with added water; d) Over stoichiometric with added water;
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(a) (b)

(c) (d)

Figure 5.6: Reaction rates versus H2/CO ratio for different rate models with under and over stoi-

chiometric H2 feed: a) Under stoichiometric with no added water; b) Over stoichiometric with no

added water; c) Under stoichiometric with added water; d) Over stoichiometric with added water;
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(a) (b)

(c) (d)

Figure 5.7: Reaction rates versus H2O/H2 ratio for different rate models with under and over sto-

ichiometric H2 feed: a) Under stoichiometric with no added water; b) Over stoichiometric with no

added water; c) Under stoichiometric with added water; d) Over stoichiometric with added water;
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(a) (b)

Figure 5.8: Effect of pressure and added water at constant CO conversion of 50% with under stoi-

chiometric H2/CO ratio feed on: a) FT rates; b) C5+ selectivity

5.3.4 Effect of pressure and added water on FT rate and C5+ selectiv-
ity at constant conversion (XCO=50%)

In order to investigate the effect of pressure on different rates, another pressure level (22

bar) is used and compared with high pressure (27 bar) results. Since the trends for both un-

derstoichiometric and over stoichiometric H2/CO ratio in the feed are similar, only results

with understoichiometric feed are presented. The effect of added water on rate models are

shown in Figure 5.8a. Because of direct effect of pressure, all rates decrease with decreas-

ing pressure. For reaction rates r1 to r9, upon water addition, reaction rates decrease. The

reason is that by water addition, syngas partial pressure is lowered to keep the total pres-

sure constant. Among all reaction rates, only reaction r9, r10 and r12 have water partial

pressure present in their structure and water addition shows positive effect on r10 and r12.

The effect of pressure and added water on C5+ selectivity is shown in Figure 5.8b. In

our α model (eq. 5.17), C5+ selectivities decrease with increasing pressure. The effect of

water on C5+ selectivities is positive. Added water increased C5+ selectivity by as much as

5%. The reason is that our proposed model (eq. 5.17) is strongly dependent on water.

5.4 Conclusions

A new chain growth model is proposed based on microchannel experimental data. This

chain growth model together with Ma et al. (2014) kinetic model predicted the experimen-

tal data quite well. Twelve kinetic models are implemented in a plug flow reactor model

and their behaviour to six different scenarios which are depicted in Figure 5.3 are inves-

tigated. These kinetic models are compared based on their response to CO conversion,

H2/CO ratio, H2O/H2 ratio and C5+ selectivities. The trends observed for under stoichio-

metric ratios of 2.0 and 1.5 are similar. r9, r10 and r12 showed different behaviour than
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the rest of the models, mainly because they have the water effect in their structure. r12,

reached a singularity point at CO conversions of about 80 %. If it is to be used for re-

actor design purposes, this should be taken into account. r1 goes to infinity at very high

conversions (more than 95%) in overstoichiometric scenarios, because CO which is in de-

nominator gets depleted. Effects of pressure on rate models and C5+ selectivity is also

investigated. Two pressure levels (22 and 27 bar) are used for this comparison. Higher

pressure yields higher rates for all kinetic models. But the effect of pressure on C5+ selec-

tivity is the opposite, higher pressure yields lower C5+ selectivity. Effect of added water is

also investigated on kinetic models and C5+ selectivities. For all rate models except mod-

els r10 and r12, added water decreased reaction rates, mainly because the syngas pressure

is lowered upon water addition to keep the total pressure constant. Upon water addition,

C5+ selectivities increased by about 5% for all rate models. This study can be an starting

point for researchers to look closer to structures of kinetic models.
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Chapter 6
Once-through Gas-to-Liquid

Process with Verified Kinetics for

Microchannel Fischer-Tropsch

Reactors

This chapter is based on the published paper: ”Conceptual design of an autonomous once-
through gas-to-liquid process with microchannel Fischer-Tropsch reactors” in journal:
Chemical Engineering Transactions, vol. 52, (2016), pp. 523-528.

Converting remote natural gas to liquid fuel is one possible solution to the problem

of transporting remote gas to the energy market. However, the high investment cost of

gas-to-liquid (GTL) plants prevents large scale exploitation of remote gas reserves. A lean

GTL is suggested based on an autothermal reformer with enriched air as oxidant and a

once-through Fischer-Tropsch synthesis. In order to maximize the syngas conversion and

the production of heavy hydrocarbons, a staged microchannel reactor path with distributed

hydrogen feed and product withdraw is proposed. The hydrogen is produced by steam

methane reforming in a heat exchange reformer (gas heated reformer). A verified kinetic

model for the Fischer-Tropsch reactor is used. This kinetic model was fitted to kinetic

data of a 40 %CO/Al2O3 catalyst which was used in a microchannel reactor. A new chain

propagation model was also fitted to the data. The new kinetic and rate propagation models

are believed to be specifically suitable for microchannel reactors. The chain propagation

model in the process yields high C5+ selectivities. The process is autonomous in the sense

that it is self-sufficient with power and water.
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Fischer-Tropsch Reactors

6.1 Introduction
Increase in energy demand and depleting easily accessible oil have turned industries focus

on untapped resources that are unused for technical or economic reasons, such as associ-

ated gas or stranded gas reserves. Transportation of the gas is one of the biggest obstacles

in exploiting these reserves. Converting natural gas to liquid fuels, gas-to-liquid (GTL),

is one option in bringing remote natural gas to the market. By placing a GTL unit on a

floating production vessel, many offshore remote gas reserves can be monetized and also

reduce flaring. However, placing a GTL plant on a vessel faces its own challenges that

an onshore plant does not. To mention a few are the need for operations autonomy in the

sense that all production utilities, such as water and power, need to be available on board

the ship. Pure oxygen streams may be problematic because of high explosion risk due

to proximity with hydrocarbons. Also high columns with liquid inventory on board the

ship may create problems. There have been some investigations looking at the feasibility

of installing a gas-to-liquid (GTL) process on floating production storage and offloading

(FPSO) vessel that are described by Ostadi et al. (2015).

Table 6.1: Specifications of the natural gas feeds; NG1 is used for all the results produced here,

while NG2 is used to see the effect of heavier natural gas.

NG1 NG2

Temperature [◦C] 50 50

Pressure [bar] 30 30

Flow [MMscfd] 120.2 120.2

Molar flow [kmol/h] 6000 6000

Mole fraction

CH4 0.95 0.85

C2H6 0.02 0.067

C3H8 0.015 0.033

n−C4H10 0.01 0.022

n−C5H12 0.005 0.011

CO2 0 0.017

6.2 The proposed process concept
The process configuration is the same as our previous study (Ostadi et al., 2015). The

process flow diagram is shown in Figure 6.1. Here, the product upgrading process and the

steam utility system are not shown. The specifications of natural gas feed are shown in

Table 6.1. After sulfur removal, the natural gas is mixed with steam before entering the

pre-reformer. Stream 100 is split into two streams, 101 and 102, the former to the ATR and

the latter to the HER. The split ratio is 85 % to ATR and 15 % to HER. The energy required

for the steam reforming reactions in the HER is provided by the hot outlet stream from the

ATR. The outlet of the HER is cooled down before entering the high temperature water

gas shift (WGS) reactor, shifting CO to CO2 and H2. After the WGS reactor, the stream is
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6.2 The proposed process concept

cooled and water is knocked out before entering the membrane unit for separation of H2.

The hydrogen rich stream with 99 % purity is then compressed and distributed between

the Fischer-Tropsch stages. The CO2 rich stream, which also contains some H2, CO and

CH4, is compressed and recycled to the ATR. By adding this stream, the H2/CO ratio out

of the ATR will be reduced, which is beneficial for the FT synthesis. Because of the under-

stoichiometric H2/CO ratio at the inlet of the first FT stage, this ratio continues to decrease

along the reactor. In order to increase this ratio before the next stage, hydrogen is injected

between the stages. The effluent stream from ATR after heat exchange with the HER, is

further cooled to knock out water from the syngas. Without further compression the syngas

stream is heated before entering the first Fischer-Tropsch stage. In order to increase the

rate of the FT reactions, and also suppress catalyst deactivation, the gas outlet from FT

reactors is cooled down and partly condensed where water and hydrocarbon products are

separated from the gas. The tail gas, consisting of unconverted syngas, nitrogen and light

gas components produced in the Fischer-Tropsch reactors, is used as fuel in the gas turbine

to supply power to consumers.
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6.2 The proposed process concept

6.2.1 Syngas production

An autothermal reformer is selected for syngas production. The main reasons are that the

H2/CO ratio can be adjusted to be close to the optimal ratio and the ease of scalability. A

pre-reformer is used in front of the ATR to prevent coke formation on the ATR catalyst.

With an air-blown ATR, it is practically impossible to recycle the unconverted syngas

because of very high nitrogen concentrations. This is also the case with enriched air,

and a once-through synthesis scheme is the only option to avoid high accumulation of

nitrogen. PRISM membrane separators from Air Products are considered (AirProducts,

2015). Considering the large air flow through the membrane and therefore avoiding very

large membrane modules, a PRISM membrane is chosen to have 34 % oxygen purity.

An alternative to air or enriched air is to use pure oxygen. Pure oxygen from cryogenic

air separation poses significant safety challenges offshore, in addition to large investment

costs. Although having enriched air increases the volume of equipment after ATR, but

considering the cost of having an air separation unit, it will be beneficial to have larger

volumes than having an air separation unit.

6.2.2 Hydrogen production

When H2/CO ratio is slightly under-stoichiometric, more C5+ products can be obtained and

in order to compensate for the consumption of hydrogen, it is added between the stages.

Part of the produced hydrogen is also sent to the product upgrading unit. Steam reforming

with the use of a heat exchange reformer is applied to produce hydrogen with H2/CO ratios

of more than three. Apart from being a hydrogen generator, the HER provides efficient

heat integration and avoids the use of a waste heat boiler. The heat exchange reformer

is counter current and consists of 1000 steam reformer tubes of 10 cm diameter and 10

m long. Modeling of the heat exchange reformer is described in detail by Falkenberg &

Hillestad (2015). The remaining CO is converted to CO2 by the use of a water gas shift

reactor. The WGS effluent is cooled down to 30 ◦C to remove most of the water before

entering the membrane to produce a hydrogen rich and a CO2 rich stream. The CO2 rich

stream is recycled back to the ATR to decrease the H2/CO ratio at the outlet of the ATR.

The membrane used here is a carbon membrane with no sweep gas on the permeate side.

This will produce very pure hydrogen on the permeate side.

6.2.3 Fischer-Tropsch synthesis

The Fischer-Tropsch synthesis is staged with product withdrawal and hydrogen addition

between the stages. This enables high conversion of syngas and high selectivity to higher

hydrocarbons. Studies on the kinetics of FT synthesis show that nitrogen only dilutes

syngas and therefore has no influence on the kinetics if the partial pressures of carbon

monoxide and hydrogen are kept constant (Jess et al., 1999). Moreover, nitrogen plays an

important role in the operation of multi-tubular reactors by facilitating removal of gener-

ated heat.
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6.2.4 Microchannel reactor
Reactors with microchannels are suited for reactions that are highly exothermic or highly

endothermic. Channels filled with FT catalyst powder and channels with coolant water

are arranged in a cross flow configuration. We assumed a two-dimensional homogeneous

model with no axial dispersion. Boiling water is used as coolant and its temperature is

assumed to be constant along the axial direction. Table 6.2 shows the design parameters

of the microchannel reactor model. Isothermal behaviour of microchannel FT reactors has

been demonstrated by Deshmukh et al. (2010). The hot-oil-cooled microchannel reactors

were isothermal to within 1 ◦C. This is also verified with our reactor model. With very

high heat removal capability, single pass conversions near 80 % can be realized.

Table 6.2: Design parameters of microchannel reactor.

Catalyst bulk density [kg/m3] 1200

Catalyst particle diameter [mm] 0.2

Catalyst void fraction 0.40

Cooling water temperature [◦C] 220

Diameter of channel side [mm] 2×2

Table 6.3: Important stream information.

Stream 110 120 130 210 220 230 240 250

Temperature (◦C) 1060 441.2 1052 210 210 210 30 191

Pressure (bar) 28.50 28.50 28.10 26.93 24.84 22.95 21.69 21.69

Mass flow (tonne/h) 476.90 63.89 63.89 399.10 307.80 273.10 255.2 57.44

Mass fractions

CO 0.314 0 0.343 0.375 0.205 0.112 0.055 0.001

H2 0.045 0.003 0.095 0.054 0.030 0.016 0.008 0

H2O 0.165 0.727 0.428 0.002 0.001 0.001 0.001 0.002

CH4 0.002 0.236 0.005 0.003 0.013 0.018 0.021 0

C2-C4 0 0 0 0 0.009 0.0014 0.017 0.001

C
p
5+ (alkanes) 0 0 0 0 0.009 0.012 0.013 0.945

Co
5+ (alkenes) 0 0 0 0 0 0 0 0.046

CO2 0.107 0.033 0.129 0.128 0.166 0.188 0.201 0.003

N2 0.366 0 0 0.438 0.567 0.640 0.684 0.002

6.2.5 Kinetic rate and chain propagation models
Here, an alternative kinetic rate model and a model describing the product distribution of

the Fischer-Tropsch synthesis are applied (Ostadi et al., 2016). The kinetic rate model,
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Table 6.4: Overall plant results

Total CO conversion [%] 90.55

Total methane selectivity [%] 5.61

Carbon efficiency [%] 61

Catalyst volume [m3]* 89

Reactor productivity [tonne/(h m3)] 0.64

Surplus hydrogen [tonne/h] 5.96

C5+ production [tonne/h] 56.90

C5+ production [bbl/day] 12000

Table 6.5: Water balance

Water Stream [tonne/h]

Steam demand 119.10

Retrieved water from syngas 96.4

Retrieved water from product 87.57

Excess water 64.86

Table 6.6: Power balance

Category Power source/ sink [MW]

Power sinks

Aircompression

H2 compression

CO2 recycle to ATR

129.9

4.5

0.2

Power sources Gas Turbine 139.6

Excess power production 4.97

suggested by Ma et al. (2014), is verified against data from a microchannel laboratory

reactor (Yang et al., 2016). In addition, a model describing the product distribution and

methane selectivity is developed (Ostadi et al., 2016) and fitted to data generated by Yang

et al. (2016). It is well known that the selectivity of methane is higher than predicted

by the ASF distribution. To account for this fact, a separate methanation reaction rate is

introduced. The methanation reaction rate, Equation 6.3, is found to be proportional to the

rate of methane production by ASF model. ν1 is the stoichiometric coefficient of methane

according to ASF distribution. The data used for the fitting of the reaction rate is from

40 % CO/Al2O3 catalyst. To account for gradual deactivation of catalyst, 80 % of the

activity of fresh catalyst is used to calculate the rate. The implemented kinetic rate model,

Equation 6.1 and Equation 6.3, and the product distribution model, Equation 6.4, are as

follows:
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rFT = k(T )
P−0.31
CO P 0.88

H2

1− 0.24
PH2O

PH2

(6.1)

k(T ) = 0.0133 exp(−104000

R
(
1

T
− 1

483
)) (6.2)

rCH4
= 7.70rFT(1− α)2 · exp(−36687

R
(
1

T
− 1

483
)) (6.3)

α =
1

1 + k2(T )
P 1.45

H2

PCOP 0.253
H2O

(6.4)

k2(T ) = 0.0233 exp(−1959(
1

T
− 1

483
)) (6.5)

The production of alkanes and alkenes is described by two chain growth probabilities.

The rate of production of alkenes is 70 % of that of alkanes. Since Fischer-Tropsch reaction

can in theory produce infinite number of paraffins and olefins, the method suggested by

Hillestad (2015) is used to handle infinite number of reactions and components. We have

chosen to model alkane components individually up to C10 and a lump C
p
11+ describing

the tail distribution. While for alkenes, with less heavier components, we have chosen

to model individual components up to C4 and a lump Co
5+. For the sake of brevity the

lumps C
p
5+ and Co

5+ are reported here, but they are made by adding individual components

and the modeled lumps. This way of lumping is described in detail by Hillestad (2015).

The kinetic model is implemented in a model of the microchannel reactor with the use of

Aspen Custom Modeler (ACM) language. The model is further exported to Aspen HYSYS

process simulator for simulation and optimization of the entire GTL plant.

6.3 Results
In our previous investigation two reactor stages with 2 meter reactor length was used (Os-

tadi et al., 2015). This distribution of volumes is not optimal. Here three stages are used

to increase C5+ production in less volume. Following the method of systematic staging

of reactors (Hillestad, 2010), we did an optimization of reactor path and came up with

different lengths of reactors. Table 6.7 shows different design parameters for different FT

stages. The first, second and third FT stages have 54, 27 and 19 % of the total volume. The

proposed chain propagation model yields low methane selectivity and high C5+ selectivity.

Methane selectivities are less than 6 % in all stages. The important streams information is

shown in Table 6.3. The important results of the plant are shown in Table 6.4.

6.3.1 Water and power
The tail gas from the last FischerTropsch stage is used as fuel to the gas turbine for power

production. Water balance and power balance are shown in Tables 6.5 and 6.6, respec-

tively. The plant produces excess power of 4.97 MW and also excess water.
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Table 6.7: Design parameters for different FT stages

Stage 1 Stage 2 Stage 3

Channel Length [m] 0.8 0.6 0.5

Volume [m3] 48 24 17

Inlet H2/CO 2.0 2.0 2.0

H2 addition between stage [kmol/h] 0 365.1 127.7

CH4 selectivity [%] 5.95 5.39 4.26

CO conversion [%] 57.9 51.6 53.5

C5+ production [tonne/h] 35.65 13.99 7.26

6.3.2 Carbon and energy efficiencies
The carbon efficiency is defined as the fraction of the feed carbon components ending up

as carbon of product components. The carbon efficiency is about 61 %. For the calculation

of the energy efficiency, we look at the fraction of the natural gas feed heating value (LHV)

that is converted to LHV of the product and hydrogen streams, in addition to power export,

energy of steam and finally lost energy. The excess power from the gas turbine, adjusted

with the Carnot efficiency to be comparable to thermal energies, is reported as Excess

power. We should also keep this in mind that part of hydrogen will be transferred to

products after the product upgrading. About 49 % of the natural gas LHV ends up in

the product stream and about 12 % ends up as LHV of excess hydrogen. The amount of

steam from the FT reactors is estimated to be 291.5 t/h. The amount of steam generated is

calculated by heating and evaporating water from 20 ◦C and 23.19 bar. By using NG2 in

Table 1, we can see the effect of heavier natural gas. By use of NG2, total CO conversion

drops to 81.5 %, however, CH4 selectivity and C5+ production remains the same. The

carbon efficiency will also decrease to 54 %, which is because of lower conversion in the

FT stages.

6.4 Conclusions
A novel process concept is proposed for converting natural gas to liquid hydrocarbon

products. For the Fischer-Tropsch reactors, a verified kinetic rate and product distribu-

tion models of the Fischer-Tropsch synthesis are applied (Ostadi et al., 2016). The new

and verified kinetic model yields higher reaction rates than what was used in our previous

investigation (Ostadi et al., 2015). The new kinetic model along with the product distribu-

tion model is specifically suited for microchannel reactor and it gives us a more realistic

view of the process in the large scale. With the proposed configuration, high once-through

CO conversion, in the order of 90 % and more, is achieved. The carbon efficiencies for a

once-through synthesis are calculated to be 61 % and the energy efficiency is about 49 %.

Compared to our previous investigation, this study produces the same amount of C5+ but

in 45 % less volume which means lower cost of the overall GTL plant.
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Figure 6.2: The relative distribution of energy content of the natural gas in different products streams

of the GTL plant.
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Figure 6.3: The relative distribution of carbon between the products stream and the tail gas.
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Chapter 7
Combined Gas-to-Liquid and

Ammonia Production

This chapter is based on the submitted paper: ”Combined gas-to-liquid and ammonia
production” to journal of Natural Gas Science and Engineering.

A novel process concept is proposed for cogeneration of Fischer-Tropsch products and

ammonia. An autothermal reformer with enriched air as oxidant is applied for synthesis

gas production, and because of the inert nitrogen, a once-through Fischer-Tropsch syn-

thesis is necessary. In order to maximize the synthesis gas conversion and the production

of heavy hydrocarbons in Fischer-Tropsch reactors, a staged reactor path with distributed

hydrogen feed and product withdraw is applied. Hydrogen is produced by steam methane

reforming in a heat exchange reformer (gas heated reformer), heat integrated with the

hot effluent stream from the autothermal reformer. Part of this hydrogen stream is used

in Fischer-Tropsch reactors and the rest are sent to product upgrading and the ammonia

synthesis. Part of the nitrogen produced from the air membrane is used as feed to the

ammonia process. The proposed ammonia process is simple as it does not require sepa-

rate shift reactors and a CO2 capture unit. The process is autonomous in the sense that

it is self sufficient with power and water, and therefore well suited for production in re-

mote locations such as a floating production unit. The total investment of 12000 bbl/d (57

tonnes/h) GTL plant combined with 24 tonnes/h ammonia plant is estimated to be around

900 million USD, of which the ammonia process counts only for 7 %. The extra ammo-

nia production will increase total revenues by 50 %, which makes the combined process

commercially attractive.
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7.1 Introduction

Steadily increasing energy consumption worldwide and depletion of easily accessible oil

have turned attentions to untapped resources, such as associated and stranded gas reserves.

Converting natural gas to liquid fuels is one possibility to monetize these reserves. In two

previous articles (Ostadi et al., 2015; Ostadi & Hillestad, 2016), we proposed a once-

through GTL plant that produces liquid fuels from natural gas which is suitable for de-

ployment on a floating vessel. Through ammonia cogeneration, the process becomes more

profitable and thus more appealing for commercialization. Since the proposed GTL pro-

cess produces pure hydrogen, only relatively small changes or additions are needed to

build an ammonia production unit.

Cogeneration of chemicals has been practised in industry as a means to increase effi-

ciency and profitability of processing plants. Cogeneration of ammonia with GTL products

is not a new concept and has been discussed in numerous patents such as Kresnyak (2016);

Zhou et al. (2003); Price & Tindall (2005) and Pedersen & Yakobson (2007).

In Kresnyak’s design (Kresnyak, 2016), nitrogen is taken from an air separation unit

(ASU) and hydrogen from hydrogen separation unit which takes in portion of the syngas

from autothermal reformer (ATR) or partial oxidation (POX) reactor to produce hydrogen

rich stream. The hydrogen separation unit can be pressure swing adsorption (PSA), mem-

brane or liquid absorption technology or a combination of them. Zhou et al. (2003) used

the Fischer-Tropsch (FT) effluent stream containing unreacted hydrogen and inert nitrogen

for the ammonia synthesis. All hydrocarbons are separated from the FT effluent stream

and the unconverted CO is shifted to CO2. The inlet stream to ammonia process contains

H2, N2 and CO2. It is believed that CO2 is a poison for the ammonia synthesis and pres-

ence of CO2 in the inlet stream is strange. In Price & Tindall (2005)’s design, nitrogen

is taken from an ASU. Hydrogen is extracted from a portion of the FT syngas stream by

means of PSA or a membrane unit. FT syngas is produced by ATR or steam methane re-

former (SMR). In case of using SMR, water gas shift (WGS) reactor is used to shift CO to

H2 before the hydrogen extraction. In Pedersen & Yakobson (2007)’s design, the effluent

of FT unit which contains significant amounts of gaseous hydrocarbons are reformed in a

steam reformer to produce additional amount of hydrogen. The CO in the tail gas from

the FT unit is shifted to produce H2 which, after extraction, e.g., in a H2 membrane, and

purification is combined with N2 from the ASU in H2 to N2 ratio of 3 for ammonia pro-

duction. At their Sasolburg plant in South Africa, Sasol is producing ammonia and GTL

products. In their process, nitrogen comes from the air separation unit, while hydrogen is

recovered from the FT tail gas to produce ammonia (Dry & Steynberg, 2004).

In our design, hydrogen is produced in a separate path by heat exchange reformer

(HER), while nitrogen comes from the high pressure side of air separation membrane.

The proposed process will produce about 576 tonnes/day of ammonia and about 12,000

bbl/day of hydrocarbon products. This process is still self sufficient in power and water

and can export an excess power of about 17.6 MW. Total investment cost for the combined

processes is estimated to be around 900 million USD, from which the ammonia synthesis

has only 7% of the share.

86



7.2 The proposed process concept

7.2 The proposed process concept
The natural gas feed specification is the same as the one used in Ostadi & Hillestad (2016).

The integration of the ammonia into the GTL plant is chosen to be as simple as possible.

In the proposed design, the integration between GTL and ammonia processes is limited to

hydrogen and nitrogen feeds to the ammonia process and exchange of power and steam

between the two processes. A simplified block flow diagram of the combined GTL with

ammonia production is shown in Figure 7.1.

Figure 7.1: Block flow diagram of the proposed process concept; water and steam are not shown.

7.2.1 The gas-to-liquid process
The GTL process is the same as the process described by Ostadi & Hillestad (2016),

and a brief description of the process is provided here. The process flow diagram of the

combined GTL-ammonia process is shown in Figure 7.2. Sulfur is first removed from

the natural and then it is mixed with steam before entering the pre-reformer. The pre-

reformed natural gas is then split into two streams,with split ratio of 85% and 15%. The

former enters the ATR and the latter enters the HER. Air is compressed and separated in

an air separation membrane to supply enriched-air to the ATR. The main reasons for not

using a cryogenic air separation unit onboard a floating production storage and offloading

(FPSO) vessel are twofold; safety and space issues. Moreover, with ship movement, the

liquid inventory of distillation columns may be a problem.

The energy required for the steam reforming reactions in the HER is provided by the

hot outlet stream from the ATR. The outlet of the HER is cooled down before entering the

high temperature water gas shift reactor, where CO is shifted to CO2 and H2. After the

WGS reactor, the stream is cooled and water is knocked out before entering the hydrogen
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membrane unit. The permeate is hydrogen with 99 % purity, which is further compressed

and distributed between the FT stages and the ammonia process. The retentate, mainly

CO2 with some H2, CO and CH4, is compressed and recycled to the ATR. By recycling

this stream to the ATR, the H2/CO ratio will be reduced, which is beneficial for the FT

synthesis. The H2/CO ratio in the feeds to the FT reactors is under-stoichiometric, because

the yield to higher hydrocarbons is favoured. The stoichiometric usage ratios of hydrogen,

U , for production of paraffins and olefins are U1 = 3 − α1 and U2 = 2 + (1 − α2)
2,

respectively (Hillestad, 2015). Where α1 and α2 are chain growth factors for paraffins

and olefins, respectively. Depending on α1 and α2, the stoichiometric usage ratio will be

slightly above 2. With under-stoichiometric H2/CO feed ratio, it will decrease along the

reactors, and to compensate for this, hydrogen must be fed between the stages.

The hot syngas from the ATR is heat exchanged with the HER, and is further cooled

to knock out water. Without further compression the syngas is heated and fed to the first

FT stage. The FT reactors are microchannel reactors (Ostadi & Hillestad, 2016). In order

to increase the hydrocarbon production and also suppress catalyst deactivation, the gas is

inter-cooled and products, including water, are withdrawn between each FT stage. The

tail, consisting of unconverted syngas, nitrogen and light gas components produced in the

FT reactors, is used as fuel in the gas turbine to supply power to the plant and ancillary

users.

7.2.2 The ammonia process

Oxygen removal unit

The best nitrogen source for the ammonia process is the nitrogen rich stream from the air

separation membrane, where the nitrogen purity is 95% and at a pressure of 16 bar. The

remaining is 4.5% oxygen and 0.5% argon. Only 10% of this stream is used in ammonia

process and the rest is sent to gas turbine for power production and turbine blades cool-

ing. Oxygen and oxygen containing compounds are poisons for the ammonia synthesis

catalyst, and therefore the feed to ammonia reactor should be free of any oxygen contain-

ing compounds. The limits for concentrations of these compounds are in ppm range. To

remove the oxygen, it is reacted with hydrogen to produce water. A small stream of hy-

drogen is mixed with the the nitrogen stream in an oxygen removal vessel with or without

a catalyst. The heat of reaction is used to produce high pressure steam, and subsequently

the temperature is reduced to 30 ◦C and water is knocked out.

Methanation reaction

The permeate stream from the H2/CO2 separation membrane has 0.84% CO2 which needs

to be removed as it is poisonous for ammonia catalyst. A methanation step is applied to

convert CO2 to methane which is an inert for the ammonia catalyst. The impurities such

as methane are not completely removed from the feed to ammonia reactor since they are

not directly harmful to the ammonia catalyst and are expensive to remove. The rest of the

hydrogen stream is cooled to 30 ◦C to separate the water produced in methanation reactor.

The methanation reactor converts carbon oxides to extinction (less than 10 ppm) at

250-350 ◦C over a nickel containing catalyst. The process is simple, reliable and inexpen-
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sive both in investment and in operating cost (Dybkjær & Nielsen, 1995). It will cause a

certain loss of hydrogen; in addition, due to production of methane, it causes an increased

loss with purge gas from the synthesis loop. The gas from a methanation reactor unit will

contain water. Moreover, the gas from oxygen removal unit will also contain water. This

water must be removed before the gas reaches the ammonia synthesis catalyst. The advan-

tages of simplicity and low cost outweigh the disadvantages of hydrogen consumption and

production of additional inerts in the make-up gas to the synthesis loop (Appl, 2007).

7.2.3 Ammonia Synthesis
The synthesis gas is compressed to 223 bar in three stages of compression with inter-

cooling and separation of water in between. Syngas compressors are driven by steam

turbines which are reliable and low-maintenance devices. They are easy to control and

have nonsparking operation which makes them suitable for use in explosive atmospheres

or highly corrosive environments. Fresh syngas has an H2/N2 ratio of 3.0 which is the sto-

ichiometric ratio of ammonia reaction. After combining the fresh syngas with the recycled

stream from the ammonia reactor, the H2/N2 ratio increases to about 3.1. The combined

stream is heated to 350 ◦C before entering the first bed. After the third bed, the product

stream is cooled to 30 ◦C. In order to separate ammonia from the product stream, a closed

refrigeration loop is used. Part of the produced ammonia is used as refrigerant and the low-

est temperature that the product stream can reach is -25 ◦C (ammonia boils at atmospheric

pressure at -33 ◦C). After refrigeration, liquid ammonia is separated from the unconverted

reactants and is sent to storage tanks. Because the conversion is limited by equilibrium

and is 30% which is relatively low, a recycle of unconverted syngas is required to have

an economically feasible process. Due to presence of inert components such as argon and

methane, it is necessary to have a purge stream to avoid inert accumulation. About 5 %

of the product gas is purged. The recycle stream, containing 1.7% ammonia, is fed to

the last stage of the last syngas compressor. Liquid ammonia from the separator contains

small amount of dissolved gases which will be partly released by pressure reduction in ”let

down” tank to about 20 bar.

Catalyst

Most commercial ammonia catalysts are based on metallic iron, mostly produced from

magnetite, Fe3O4, which is promoted with alkali metals such as aluminum, calcium, or

magnesium (Kirk-Othmer, 2004). Osmium (Os) and ruthenium (Ru) catalysts have also

been applied. The ruthenium catalyst is found to be more active than the Fe catalyst, so

it can operate at milder conditions (Rossetti et al., 2006). On the other side, Ru is more

expensive with a shorter lifetime than the Fe catalyst (Klinsrisuk et al., 2015). Here, the

iron catalyst is selected because of the extensive industrial experience with it. A number of

compounds including H2O, H2S and halogens are strong poisons for the ammonia catalyst.

A common feature of the poisons is that they are adsorbed at least as strongly on the sur-

face as some of the reaction intermediates (Stoltze & Nielsen, 1995). Oxygen-containing

compounds such as H2O, CO and CO2 are poisonous for ammonia catalysts due to re-

versible adsorption of oxygen species on the active sites (Dybkjær & Nielsen, 1995). The

adsorption equilibrium is such that at temperatures below about 350 ◦C, near to complete
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coverage and therefore almost complete deactivation of the catalyst is obtained even at

concentrations of oxygen containing compounds about or below 1 ppm (Oudar, 1985).

Such low concentrations are very difficult and expensive to achieve, and as a consequence,

the risk of poisoning sets a practical lower limit to the catalyst temperature and thereby the

operating pressure (Dybkjær & Nielsen, 1995).

Reaction kinetics

Different rate equations are available in the literature for ammonia production. Appl

(2000) and Hansen (1995) give a description of available kinetic models. An early and

also one of the most used kinetic models for ammonia production with iron catalysts is the

one proposed by Temkin and Pyznev (Rossetti et al., 2006). The model used here, is one

that Dyson & Simon (1968) modified.

rNH3
= 2k

⎡⎣K2
aaN2

(
a3H2

a2NH3

)α

−
(
a2NH3

a3H2

)1−α
⎤⎦ (7.1)

Where ai are component activities and α is a constant between 0.5 and 0.75 (Dyson

& Simon, 1968). In this work α = 0.5 is used. The activity of a component is given as

ai =
fi
f0
i

, where f0
i is the reference fugacity taken to be 1 atm. The fugacity coefficients

of nitrogen, hydrogen and ammonia are used for calculating the rate equation. Dyson &

Simon (1968) used the equation of Gillespie & Beattie (1930) to calculate the equilibrium

constant. In order to make this equation suitable for implementation in HYSYS, it has to

be fitted by an Arrhenius type temperature function. The fitted model matches the original

model very well in the temperature range used in this study. Both k and Ka are of the

same function A exp(− E
RT ) · T β , and the parameters are given in Table 7.1.

Table 7.1: Rate equation constants

A E β

k 8.849 · 1014 17056 0
Ka 2.531 40893 −1.93672

The ammonia converter

Commercial ammonia converters can be classified into two main groups (Appl, 2007). To

the first group belongs the tube cooled converters, which have catalyst beds with cooling

tubes running through them, or catalysts are inside tubes and cooling medium on the shell

side. The cooling medium is mostly the reactor feed gas. The second group are reactors

where the volume is divided into several beds in which the reaction runs adiabatically.

Between individual beds heat is removed by injection of colder synthesis gas (quench

converters) or by indirect cooling with synthesis gas or via steam generation (indirectly

cooled multibed converters).

In reactors with indirect cooling, all gas passes through all catalyst beds. In contrast to

quench cooling where part of the gas only passes through some beds. This means that at
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identical conditions, a higher conversion can be obtained in the same number of catalyst

beds in the indirectly cooled converter than in the quench cooled converter. Indirectly

cooled converters are used in almost all large, new ammonia plants constructed today

(Appl, 2007).

The simulated reactor is of the second group which is composed of three beds with

indirect cooling between the beds. Each bed is simulated with a plug flow reactor model

in HYSYS, and the inter cooling between the beds is simulated by use of heat exchangers.

These heat exchangers are used to preheat synthesis gas and at the same time cool the

beds. Constant pressure drop of 2 bar is considered for each of of the catalytic beds. The

total once-through nitrogen conversion over all three beds is 30 %.

Ammonia separation

Ammonia is recovered from the effluent of the reactor by cooling to condensation followed

by separation of the liquid from the gas. Refrigeration to -25 ◦C has been used which

corresponds to cooling by evaporation of ammonia at about atmospheric pressure.

Optimization of ammonia synthesis

In order to maximize production from the synthesis loop, there are several variables which

have great influence on ammonia production. Variables considered are bed inlet tem-

peratures, operating pressure, purge ratio and volume of each bed. Sequential quadratic

programming (SQP) method of optimization available within HYSYS optimizer is used

for optimizing the ammonia loop. Since N2 conversion to NH3 can not reach 100% due to

equilibrium limitations, reactor volume in the three beds need to be optimized. As shown

in Figure 7.3, NH3 production reach a plateau in total volume of 55 m3. Therefore this is

used as the total volume of the three beds. Specifications of the ammonia reactor is shown

in Table 7.2. It is worthwhile to have a look at the optimum reactor volume distributions.

The third bed is the largest followed by the second and the first bed. However, in the

Fischer Tropsh section of the GTL plant, the volume distribution is the opposite, with the

first reactor having the largest volume, followed by the second reactor and then the third

reactor. The reason is that if we have larger volume in first ammonia bed, we get more

conversion to ammonia, and we will have less conversion in the next two beds because of

equilibrium limitation. Moreover, in FT case, there is inter-cooling and product separation

between reactor stages, however in ammonia beds there is only inter-cooling.

7.3 Results and discussion
Design parameters for different FT stages are shown in Table 7.3. The GTL overall results

are shown in Table 7.4.

7.3.1 Water and power
If the process concept is to be deployed on an FPSO, it needs to be self sufficient with

water and power. The GTL process alone is self sufficient with water and power, with
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Figure 7.3: The production of ammonia with different total volume in 3 ammonia beds

Table 7.2: Design parameters for the ammonia reactor

Specification Bed 1 Bed 2 Bed 3

Reactor type Adiabatic Adiabatic Adiabatic

Volume (m3) 10.38 14.52 30.1

Length (m) 5.87 8.22 17.03

Diameter (m) 1.5 1.5 1.5

Bed voidage 0.33 0.33 0.33

Particle density (kg/m3) 2500 2500 2500

Bulk density (kg/m3) 1675 1675 1675

Inlet temperature (◦C) 350 350.3 384.9

Inlet H2/N2 ratio 3.15 3.17 3.18

Once-through N2 conversion (%) 14.63 4.41 14.24

Table 7.3: Design parameters for different FT stages

Stage 1 Stage 2 Stage 3

Channel length [m] 0.8 0.6 0.5

Number of channels [million] 15 10 8.5

Volume [m3]* 48 24 17

Inlet H2/CO 2.0 2.0 2.0

H2 addition between stages [kmol/h] 0 365.1 127.7

CH4 selectivity [%] 5.95 5.39 4.26

CO conversion [%] 57.9 51.6 53.5

C5+ production [tonne/h] 35.65 13.99 7.26

* After optimization of volume distribution
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Table 7.4: Overall GTL plant results

Total CO conversion [%] 90.55

Total methane selectivity [%] 5.61

Carbon efficiency [%] 61

Catalyst volume [m3]* 89

Reactor productivity [tonne/(h m3)] 0.64

Surplus hydrogen [tonne/h] 5.96

C5+ production [tonne/h] 56.90

C5+ production [bbl/day] 12000

* Considerable reduction of catalyst volume (71 m3) is achieved by optimization of volume distribution

compared to our previous study (Ostadi et al., 2015)

Table 7.5: Combined GTL - ammonia power balance

Category Power source/sink [MW]

Power sinks

GTL

Air compression 129.9

H2 compression 4.5

Recycle compression 0.2

Ammonia
Syngas and recycle compression 8.6

Refrigeration compression 3.5

Power sources
Gas Turbine 145.5

Steam Turbine 18.4

Excess power production 17.6

excess power of 5 MW (Ostadi & Hillestad, 2016). Power and water balance in the GTL

plant are shown in Table 7.5 and Table 7.6, respectively. The combined GTL and ammo-

nia process is still self sufficient with water and power. By addition of the purge stream

from ammonia synthesis to the gas turbine, power production is increased by about 6 MW,

despite the fact that 10% of nitrogen stream from air membrane is sent to ammonia syn-

thesis. Heat from cooling FT reactors are used to produce MP steam. In ammonia process

by cooling effluents from oxygen removal unit and methanation reactor, HP and MP steam

are produced. The produced steam is used to run an steam turbine which drives ammonia

syngas compressor shaft. Simulation flowsheet of the steam cycle of the plant is shown in

Figure 7.4. The steam cycle provides the process with HP, MP and LP steam.

Table 7.6: Combined GTL - ammonia water balance

Water stream [tonne/h]

GTL

Steam demand 119.1

Retrived water from syngas 96.4

Retrived water from product 87.6

Ammonia Retrived water 2.0

Excess water 66.9
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Figure 7.4: Process flow diagram of steam cycle

7.3.2 Cost Estimation
Cost estimation is done based on cost correlations from two different sources, namely

Towler & Sinnott (2013) and Turton et al. (2012). Since there are no historical data on the

cost of microchannel reactors, the cost estimation is done based on the cost of material and

the cost of labour assumed to be equal to 7 times the material cost. The cost of catalysts

and pressure vessels containing the microchannel reactors are also taken into account. The

purchased cost of the microchannel reactors, including microchannels, pressure vessels

and catalysts, is estimated to be 56 million USD and installed cost to be 310 million USD.

Installed costs include piping, equipment erection, instrumentation and control, electrical

and lagging and paint. The microchannel reactors constitute 40 % of the total fixed capital

costs when civil, structure, buildings, the upgrading unit and the ship are not included. If

the process is to be on an FPSO the product upgrading process will be relatively simple

because the oil need to be refined onshore. The total capital investment for the combined

GTL - ammonia process including offsites, design and engineering and contingency add

up to approximately 900 million USD. Note that civil, structures, buildings, the upgrading

unit and the FPSO are not included in this estimate. Ammonia process alone will constitute

7% of this amount which is about 65 million USD. The main reason for the relatively low

cost is that cryogenic air separation and conventional steam reformers are avoided. By
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producing ammonia in addition to GTL products, the sale revenues of the plant increases

by about 50% based on ammonia price of 500 USD/tonne and GTL product price of 50

USD/bbl, which makes it more appealing for commercialization.

7.4 Conclusion
In order to increase the profitability of the GTL process, cogeneration of ammonia is pro-

posed. The total capital investment of a combined GTL and ammonia plant producing

12000 bbl/day of GTL products and 576 tonnes/day of ammonia without considering the

FPSO, buildings and structures or the upgrading unit is estimated to approximately 900

million USD. Ammonia process alone will constitute 7% of this amount. The process is

autonomous as it is self sufficient with power and water and therefore well suited for pro-

duction in remote locations. Through ammonia cogeneration with GTL products, the sale

revenues of the plant increases by about 50% which makes it commercially more attrac-

tive. The whole process is a low-cost process and addition of ammonia production makes

it more profitable. The main reason for the low cost is that cryogenic air separation and

the costly steam methane reformer and CO2 capture units are avoided.
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Chapter 8
Enriched-air or Pure Oxygen as

Oxidant for Gas-to-Liquid Process

with Microchannel Reactors

This chapter is based on the submitted paper: ”Enriched-air or pure oxygen as oxidant
for gas-to-liquid process with microchannel reactors” to Chemical Engineering & Tech-
nology.

The syngas production step is the most costly step in a gas to liquid plant. It is com-

mon practice to use oxygen as oxidant in the reforming step. However, by the introduction

of microchannel reactors with their remarkable heat transfer characteristics, high active

catalyst site exposure to reactants and therefore high once-through conversions, the use of

enriched-air maybe justified. The purpose of this chapter is to analyse the merits of using

enriched-air versus pure oxygen in the reforming step of a gas to liquid plant utilizing an

autothermal reformer (ATR), while microchannel reactors are used in the once-through

Fischer-Tropsch (FT) step. Pure oxygen is provided by a cryogenic Air Separation Unit

(ASU) and enriched-air by use of air separation membranes. To make the two cases com-

parable, the total once-through CO conversion is kept the same. By using pure oxygen less

FT reactor volume is required which means lower reactor cost at the expense of having a

costly cryogenic ASU to produce pure oxygen. The operating cost of ASU is lower than

air membrane, while its installed cost is higher. Due to safety and space issues of having

a cryogenic ASU offshore, the only viable option is the use of enriched-air, while in an

onshore setting, the use of oxygen is more attractive.
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Microchannel Reactors

8.1 Introduction

There are several routes for syngas generation from any carbonaceous feedstock. All tech-

nologies used for synthesis gas technologies are based either on steam reforming, partial

oxidation, or a combination of the two as in Autothermal Reformer (ATR) (Dybkjær &

Aasberg-Petersen, 2016). The preparation of synthesis gas is one of the most capital in-

tensive part of a GTL-complex and may account for 30% to 50% of the total investment

including cryogenic Air Separation Unit (ASU). The main reason for this high estimate is

the high cost of ASU.

ATR operation at low steam to carbon ratio as low as 0.6 has become the state-of-

the-art synthesis gas technology for Fischer-Tropsch applications (Aasberg-Petersen et al.,

2004). ATR is a relatively simple piece of equipment with a burner and a catalyst bed in a

brick-lined pressure vessel (Rostrup-Nielsen, 2002). In almost all GTL plants that utilize

ATR, oxygen is used as oxidant such as in Oryx GTL plant in Qatar. Oxygen-blown ATR

is the preferred technology for large-scale GTL plants (Rostrup-Nielsen, 2002). Oxygen-

blown ATR has also been commercially used in methanol synthesis (Wilhelm et al., 2001).

Air-blown secondary reforming is well established, being commonly utilized for syngas

production for ammonia plant. Use of air to produce FT syngas has also been suggested by

several authors, but have not been commercially-deployed yet. Syntroleum Corporation

in their offshore GTL process design, used air in the reforming step to produce syngas

(Hutton & Holmes, 2005; Loenhout et al., 2006). Syntroleum and ARCO have demon-

strated a GTL process that utilizes an air blown ATR and moving bed Fischer-Tropsch

reactor (Schubert et al., 2000; Agee, 1997). Jess et al. (1999) proposed a once-through

GTL plant in which syngas is generated through partial oxidation of natural gas and air.

Their proposed plant was successfully operated in a semi-technical scale (Jess et al., 2001).

Dybkjær & Christensen (2001) did a comparison of air-blown and oxygen-blown ATRs.

They concluded that it is not economically feasible to have air as oxidant due to large vol-

ume of inert nitrogen (about 50 vol% in the dry synthesis gas) and compression power

needed to produce enriched-air. But on the other side, the advantages of using air are

reduced or eliminated investments related to production of oxygen.

It is a common practice to have recycle loop in the FT step with nitrogen-free syngas,

because of low per pass conversion of CO. However, with presence of large amount of

nitrogen in syngas in case of using enriched-air, having recycle loop is not feasible. By

use of microchannel reactors, with their high heat and mass transfer properties, high once-

through conversions of up to 90% is achievable and there will be no need for having

recycle loop. Then the question is which oxidant is better suited for a GTL process with

microchannel reactors.

In this study, the GTL plant utilizes 120 MMscfd of natural gas and produces about 58

tonne/h or more than 12000 bbl/day of hydrocarbon products. Natural gas specifications

are the same as the one used by Ostadi et al. (2015). Simulations were carried out using

HYSYS V8.6 process simulator. Modeling of Fischer-Tropsch reactor and Heat Exchange

Reformer (HER) are done using Aspen Custom Modeler. Water-Gas-Shift (WGS) reactor,

Pre-reformer and ATR are simulated using the Gibbs reactor model present in HYSYS.

Peng-Robinson equation of state is used as the thermodynamic model to calculate thermo-

dynamic properties. All chemical properties were provided by Aspen Properties V8.6.
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8.2 Model building

8.2.1 Process layout

A simplified process flow diagram of the proposed process concept for oxygen blown and

enriched-air blown ATR is shown in Figure 8.1. A pre-refomer is used in front of the

ATR to prevent coke formation on the ATR catalyst. In the pre-reformer almost all higher

hydrocarbons are converted to methane and carbon oxides. The pre-reformed natural gas

is then split into two streams, with split ratio of 85% and 15%. The former enters the

ATR and the latter enters the HER. This is to have one path for production of syngas

and one path for production of hydrogen. Outlet temperature of ATR is kept constant at

1060 ◦C by adjusting the amount of oxidant. The energy required for the steam reforming

reactions in the HER is provided by the hot outlet stream from the ATR. The outlet of

the HER is cooled down to 350 ◦C before entering the high temperature WGS reactor,

where CO is shifted to CO2 and H2. After the WGS reactor, the stream is cooled and

water is knocked out and then it enters the hydrogen separation membrane. The permeate

is hydrogen with 99 % purity, which is further compressed and distributed between the

FT stages and the upgrading unit. The retentate, mainly CO2 with some H2, CO and

CH4, is then compressed and recycled back to the ATR. By recycling this stream to the

ATR, the H2/CO ratio in the effluent of the ATR will reduce, which is beneficial for the

FT synthesis as it increases the selectivity to heavier hydrocarbons. The stoichiometric

usage ratios of hydrogen, U , for production of paraffins and olefins are U1 = 3 − α1 and

U2 = 2 + (1 − α2)
2, respectively (Hillestad, 2015). Where α1 and α2 are chain growth

factors for paraffins and olefins, respectively. Depending on α1 and α2, the stoichiometric

usage ratio will be slightly above 2.0. Having an under-stoichiometric H2/CO feed ratio to

FT reactor is beneficial for the selectivity to heavier hydrocarbons, however this ratio will

decrease along the reactor and hydrogen must be fed between the stages to compensate for

this reduction. In both cases with oxygen blown and enriched-air blown ATR, the H2/CO

ratio out of ATR is already undrestoichiometric (arround 2.0), however the H2/CO ratio

in the feed to the second and third stages are set to 2.0 by means of hydrogen addition.

This value is chosen for simplicity and it does not mean that it is the optimum value. FT

products are cooled to 50 ◦C and liquid products and water are separated at the end of each

FT stage.

Oxygen blown ATR

Pure oxygen is used as oxidant which is provided by a cryogenic ASU. With oxygen as

oxidant, it is possible to have recycle loop in the FT step, however, due to high once-

through conversion and also being able to compare with enriched-air case, it is decided

not to include recycle loop.

Enriched-air blown ATR

With an air-blown ATR, it is practically impossible to recycle the unconverted syngas

because of very high nitrogen concentrations. This is also the case with enriched-air, and a

once-through synthesis scheme is the only option to avoid high accumulation of nitrogen.
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Figure 8.1: Process flow diagram of the GTL plant with either oxygen blown or enriched-air blown

ATR

PRISM membrane separators from Air Products are considered (AirProducts, 2015). With

these membranes, enriched-air with oxygen concentrations ranging from 25 to 50% can be

obtained. Considering the large air flow through the membrane and therefore avoiding a

very large membrane modules, a PRISM membrane is chosen to have 34% oxygen purity.

Long durability and simple startup of the separator are highlighted by the producer. Air

is fed to the membrane at 16 bar and 100 ◦C. The enriched-air is on the permeate side at

a pressure of 1 bar and needs to be re-pressurized before entering the ATR. Furthermore,

the nitrogen stream which is on the retentate side has a pressure of 16 bar which can be

used for power production. Three compressors are used before the air membrane and

three compressors are used after the air membrane. Inter-cooler is used between the air

compressors in order to avoid excessive air temperatures. Compressors are powered by

electricity.

8.2.2 Fischer-Tropsch synthesis

Microchannel reactors, with numerous parallel channels with small dimensions are suited

for highly endothermic or highly exothermic reactions due to intensified heat transfer char-

acteristics. Channels filled with FT catalyst powder and channels with boiling water (as

coolant) are arranged in a cross flow configuration. The temperature of boiling water is

assumed to be constant along the axial direction. Our simulations are based on channels

with a dimension of 2 × 2 mm2 and a length of 1 meter. The reactor consists of several

thousands of these repeating units. A two-dimensional homogeneous model with no ax-

ial dispersion is assumed. Particles with diameter of 0.2 mm are applied in the reaction
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channels. Because of the small diameter a reasonable assumption is that there will be no

mass transfer limitation inside the particles, equivalent to setting the effectiveness factor

equal to unity for all reactions (Rytter et al., 2007). The FT kinetic model and the chain

propagation model for simulating microchannel reactors are taken from our previous work

(Ostadi et al., 2016).

8.3 Bases for comparison of the two cases
Both cases of oxygen and enriched-air have once-through configuration with product cool-

ing and separation between FT stages. These two cases are shown in the same process flow

diagram in Figure 8.1. Unit operations used for the two cases are the same except that their

sizes will be different. In order to make the two cases comparable, the total CO conversion

is the same in both cases. Moreover, the same amount of pre-reformed natural gas is sent

to HER, therefore equal amount of hydrogen is produced in both cases and consequently

the sizes of the WGS reactors and H2/CO2 separation membranes are equal. Furthermore,

reactor volume distributions in all FT stages are almost the same in both cases. Finally,

superficial gas velocity at the inlet of each FT stage which affects the pressure drop in

channels is the same in both cases.

8.4 Results and discussion
The results for enriched-air and oxygen cases are shown in Table 8.1 and Table 8.2, respec-

tively. The H2/CO ratio to the first FT stage in enriched-air case is lower than the oxygen

case, mainly due to presence of inert nitrogen which has cooling effect in the ATR. This

ratio is an important variable which affects the selectivity to heavier hydrocarbons. More-

over, nitrogen has cooling effect in FT reaction and contributes in the dissipation of pro-

duced heat. As a result, temperature in FT channels in enriched-air case is slightly lower

than FT channels in oxygen case. This also affects the selectivity to heavier hydrocarbons.

These reasons justify production of 1 tonne/hr more C5+ products in enriched-air case. In

oxygen case, more of the lighter hydrocarbons is produced. Syngas flow to the first FT

stage in enriched-air case is 34% more than the oxygen blown case. This difference in

syngas flow increases to 67% and 115% in second and third FT stages, respectively. The

reason is due to hydrogen addition and inert nitrogen flow. In enriched-air case, nitrogen

concentration in syngas increases from 25.9 % in the first FT stage to 53.5 % in the third

stage. In terms of hydrogen addition, there is 9% more hydrogen addition between FT

stages in enriched-air case than oxygen blown case. The reason is mainly due to more

hydrogen deficient syngas to the first FT stage in enriched-air case than oxygen case.

All cost estimations reported are based on cost correlations in Towler & Sinnott (2013)

and Turton et al. (2012). Since there are no historical data and correlations on the cost of

microchannel reactors, the cost estimation is done based on the cost of material and the

cost of labour assumed to be equal to 7 times the material cost. Stainless steel is assumed

to be used for production of channels. The cost of catalysts and pressure vessels containing

the microchannel reactors are also taken into account. The resulting installed cost estimate

for every m3 of catalyst volume is around 3.48 million USD.
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Table 8.1: Fischer-Tropsch synthesis with enriched-air blown ATR

FT1 FT2 FT3 Total

Reactor volume (m3) 52.2 31.28 21 104.48

Volume distribution (%) 50 29.9 20.1

Cost of reactor (million USD) 20.76 12.44 8.35 41.56

CO conversion (%) 53.02 51.33 49.45 88.45

C5+ (tonne/hr) 34.2 15.9 7.6 57.7

Hydrogen addition (kmol/hr) 0 294 139 433

Syngas flow (kmol/hr) 23588 15210 11411

Nitrogen in syngas (mol %) 25.9 40.0 53.5

H2/CO at the FT inlet 2.01 2.0 2.0

Table 8.2: Fischer-Tropsch synthesis with oxygen blown ATR

FT1 FT2 FT3 Total

Reactor volume (m3) 42.0 22.0 12.4 76.4

Volume distribution (%) 55.0 28.8 16.2

Cost of reactor (million USD) 16.70 8.75 4.93 30.39

CO conversion (%) 53.00 51.39 49.45 88.46

C5+ (tonne/hr) 33.6 15.6 7.4 56.6

Hydrogen addition (kmol/hr) 0 235 163 398

Syngas flow (kmol/hr) 17578 9109 5307

H2/CO at the FT inlet 2.028 2.0 2.0
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Table 8.3: Comparison of GTL plant with enriched-air blown ATR and oxygen blown ATR

Oxidant
Oxygen Enriched-air

Reactor volume 1 1.37

Cost of reactor 1 1.37

CO conversion 1 1

Power for oxidant 1 2.21

C5+ production (tonne/hr) 1 1.02

Hydrogen addition (kmol/hr) 1 1.09

Syngas flow to the first FT stage (kmol/hr) 1 1.34

Installed cost of equipment to produce oxidant 1 0.86

Cost of equipment downstream ATR excluding FT reactors 1 1.15

The specific power need for oxygen production is assumed to be 0.4 kWh/kg O2 (Dy-

bkjær & Christensen, 2001). The cost of electricity needed to drive compressors is calcu-

lated to 0.1 USD/kWh (Ulrich & Vasudevan, 2006).

Comparison of enriched-air blown and oxygen blown GTL plants are shown in Table

8.3. As expected, more reactor volume is needed in the enriched-air case, namely 37%.

The corresponding cost of reactor is also 37 % more for the enriched-air case. By consid-

ering FT reactors alone, the pressure drop is 2 bar higher in enriched-air case mainly due

to larger volume of syngas passing through reactor than in oxygen case. The installed cost

of equipment to produce enriched-air is 14% lower than the oxygen case.

The installed cost of FT reactor and oxidant production equipment and operating cost

of oxidant production are shown in Table 8.4. This Table shows that installed cost for

enriched-air is about 18.6% higher than the oxygen and the operating cost for producing

enriched-air is 2.21 times higher than oxygen case. Therefore, it is concluded that the

Net Present Value (NPV) of the oxygen case is higher than the enriched-air case and as a

result, it will be the preferred choice. The use of oxygen as oxidant is more attractive in an

onshore setting, while the only viable option offshore is the use of enriched-air, because

of limitations of having a cryogenic ASU offshore, mainly due to safety and space issues.

As mentioned before, nitrogen stream from the air membrane has a pressure of 16 bar and

it can be de-pressurized in an expansion turbine to generate power. Even by considering

this generated power, the NPV will still be in favour of the oxygen case.

Nitrogen is not entirely inert in partial oxidation processes as it can be involved in reac-

tion mechanisms that can form ammonia, nitrogen oxides and hydrogen cyanide (Aasberg-

Petersen et al., 2004). The concentration of these compounds depend on the amount of ni-

trogen in the natural gas and in the oxidant and they are normally in ppm range (Aasberg-

Petersen et al., 2004). However, Jess et al. (1999) did not make note of the production of

nitrogen oxides and hydrogen cyanide in their partial oxidation reformer which utilized air

and natural gas. There are several studies suggesting that these compounds will result in

cobalt catalyst deactivation in FT synthesis (Ordomsky et al., 2016; Pendyala et al., 2016).
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Table 8.4: Installed cost of FT reactor and oxidant production equipment and operating cost of

oxidant production

Oxidant

Oxygen Enriched-air

Installed cost (FT reactor and oxidant production equipment in million USD) 366 450

Operating cost of oxidant production (million USD/year) 34.7 76.6

8.5 Conclusion
Process simulation of a once-through gas to liquid process with two different oxidants

(enriched-air and oxygen) and utilizing microchannel reactors for FT synthesis is per-

formed. Economic analysis indicates that installed cost of FT reactor and oxidant produc-

tion equipment in enriched-air case is 18.6% higher than the case with oxygen. Moreover,

the operating cost is 2.21 times higher in enriched-air case. This results in a higher net

present value (NPV) for the oxygen case which makes it commercially more attractive.

Due to offshore limitations such as safety and space issues, having a cryogenic ASU is

problematic, therefore enriched-air will be the preferred choice offshore. Furthermore,

possibility of formation of NH3 and HCN in ATR adds to the favorability of using oxygen

as oxidant over enriched-air.
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Chapter 9
Path Optimization of the

Fischer-Tropsch Synthesis with

Cobalt Catalyst and Microchannel

Reactors

This chapter is based on the paper: ”Path optimization of the Fischer-Tropsch synthesis
with cobalt catalyst and microchannel reactors” planned for submission to journal of
Chemical Engineering Science.

In chapter 4, a new process configuration for a once-through GTL plant suited for

a floating production unit is proposed. In that chapter, the reactor path of the Fischer-

Tropsch synthesis is not optimized. Here, we have optimized the total reactor volume of

the FT synthesis and the volume distribution between stages, in addition to hydrogen dis-

tribution and coolant temperature. Systematic staging or the path optimization method,

described in an earlier paper (Hillestad, 2010), is applied here. The productivity is max-

imized subject to constraints on a maximum reactor temperature and a minimum conver-

sion. Considerable reduction of reactor volume is obtained by path optimization.

9.1 Introduction
Today gas-to-liquid process technologies are deployed large scale only in places where

the natural gas price is low. The main reason is that the capital investment of existing

process technologies are very high, and requires a low natural gas price and a relativity

high product price in order to be profitable. There is a large incentive to make existing

process technologies more cost effective. The proposed GTL process configuration (Os-
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tadi et al., 2015) is simple and lean as it does not require a cryogenic air separation unit.

Enriched air, produced by PRISM membranes (AirProducts, 2015), is used as oxidant to

the autothermal reformer. Air, enriched air and oxygen have been used as the oxidant in

the reformer in literature. Jess et al. (1999) and Loenhout et al. (2006) considered using

air in the reformer which produces a nitrogen rich syngas. Choi et al. (1997) used enriched

air in their once-through natural gas Fischer-Tropsch plant. In their design, the 40% en-

riched air was produced by diluting an oxygen rich stream coming from the air separation

plant. Because of large amount of inert nitrogen in the syngas, the Fischer-Tropsch re-

actors constitute a major part of the total investment cost and a once-through conversion

is required. Once-through configuration for Fischer-Tropsch synthesis has been investi-

gated by several authors (Jess et al., 1999; Kreutz, 2008; Rafiee & Hillestad, 2012). It

is of interest to minimize the FT reactor size and at the same time maintain a high pro-

duction of higher hydrocarbons and high CO conversion. Process intensification by use

of microchannel technology has gained growing attention in recent years. There has been

numerous investigations regarding different aspects of microchannel reactors in industrial

applications (Kolb, 2013; Venvik & Yang, 2017; Deshmukh et al., 2010; Leviness et al.,

2014). Microchannel technology has shown to have high reactor productivity defined as

production per unit volume of catalyst. Velocys is one of the pioneers of commercial-

izing microchannel technology (Leviness et al., 2011; Deshmukh et al., 2010). Velocys

together with Toyo Engineering and Mitsui Ocean Development & Engineering Co are

working on commercializing Micro-GTL technology which is applicable for small scale

gas reserves. CompactGTL is another leading company in modular small scale GTL.

Together with Petrobras, they built a fully integrated small scale GTL facility using asso-

ciated gas. SBM Offshore together with CompactGTL is cooperating on offshore projects

to increase productivity and to reduce flaring. The concept utilizes CompactGTL technol-

ogy for conversion of associated gas into syncrude. Sectioning of chemical engineering

processes in chemical engineering has been investigated in several studies. Androulakis

& Reyes (1999) studied the role of oxygen distribution and product removal in a staged

plug flow reactor which runs the oxidative coupling of methane (OCM). Diakov & Varma

(2004) studied the effect of the oxygen feed in a packed bed membrane for methanol

oxidative dehydrogenation. Maretto & Krishna (2001) proposed a multi-stage FT slurry

reactor concept. The multi-stage design results in increased syngas conversion and reac-

tor productivity. Guillou et al. (2008) studied the effect of hydrogen distribution between

stages in a microchannel FT reactor. Systematic staging design method of Hillestad (2010)

has been applied in several studies. Manenti (2014) applied the method to methanol and

methanol/DME synthesis process. Rafiee & Hillestad (2013) considered staging of the

FT synthesis utilizing cobalt catalyst. Staging of FT synthesis with product separation

and addition of hydrogen between each stage has also been studied (Rytter, 2010; Rafiee

& Hillestad, 2012). Product separation and hydrogen addition between stages resulted in

increased heavy hydrocarbon production.

9.2 The path optimization method
The state-of-the-art reactor design methods can be classified into heuristics, attainable

region methods, rigorous optimization approaches such as superstructure optimization,
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dynamic opptimizaion approach and the systematic staging of reactors (Peschel et al.,

2011). Systematic staging or the path optimization method, described in an earlier paper

(Hillestad, 2010), is applied here. Extensions of the method is implemented, such as the

possibility of product separation between stages. Also pressure drop over a packed bed,

modelled by Ergun’s equation, is taken into account.

The method will not be explained in detail here, but the total reactor volume of the

FT synthesis as well as the volume distribution between stages, in addition to hydrogen

distribution and coolant temperature are subject to optimization. After optimization of

volume distribution, number of channels or cross sectional area are calculated such that

the superficial gas velocity at the inlet of each stage is constant and equal to 0.4 m/s . By

knowing the cross sectional area at each stage and the volume distribution, the length of

each stage is determined.

Figure 9.1 depicts the structure of the process to be optimized. Between each reactor

stage there is a heat exchanger where the hot effluent is heat exchanged with cold gas from

the separator. The pinch temperature is on the hot side and the temperature approach is

set to 10 ◦C. The inlet temperature of all the stages is set to 210 ◦C. In addition, there is

a cooler taking the temperature down to ca 30 ◦C for the C5+ products and water to be

condensed to liquid and separated.

A back-mixing flow on each reactor stage indicates that the mixing structure is also

optimized. The two extreme mixing structures are segregated flow (plug flow) and com-

pletely mixed flow. If the back-mixing flow in the Figure 9.1 is very large, the stage will

be completely mixed, and if it is zero it will be plug flow. There may also be intermediate

mixing. In the reference Hillestad (2010), it is explained how the model is formulated and

how the design function defining the mixing is represented in the model.

The catalyst volume of each stage is also optimized. Not only the distribution of vol-

ume, but also the total volume may be subject to optimization. The coolant temperatures

may be different on each stage and they are subject to optimization. Furthermore, the

catalyst activity or catalyst dilution at each stage may change. The activity is a number

between 0 and 1 relative to the kinetics, 1 being the undiluted catalyst describing the in-

trinsic kinetics. Here, the maximum catalyst activity is set to 0.75 because of highly active

catalyst data used in kinetic model fitting (see section 9.2.1). Lastly the distributed hydro-

gen feed is also optimized. As indicated by Figure 9.1, these are point feeds. What is not

subject to optimization here is the specific heat transfer area. The specific heat transfer

area is given by the selected geometry of a channel. The cross section of a channel is

quadratic 2× 2 mm2 and only two sides will be exposed to the coolant. The specific heat

transfer area is therefore 1000 m2/m3.

Defining an objective function is not trivial. As explained by Hillestad (2010), objec-

tive functions can be defined as maximization of heavy hydrocarbon production, reactor

productivity, energy efficiency and return on investment (ROI), to name a few. Here the

objective function is to maximize the concentration of heavy hydrocarbons at the end of

the path, which is hydrocarbons with at least 5 number of carbons (C5+).

9.2.1 Kinetic model
A kinetic model is the basis for the development of a reactor design. In order to do a

good and realistic design of a Gas-to-Liquid (GTL) plant, it is necessary to have kinetic
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Figure 9.1: The structure of the path to be optimized. The catalyst volume (size) of each stage

and the mixing structure indicated by the back-mixing are optimized, in addition to the coolant

temperature, catalyst activity and feed of hydrogen to each stage.

models that accurately capture major variations of reaction rates and selectivities subject

to changes in process parameters.

In chapter 5, we have fitted Ma et al. (2014) kinetic model and our own chain growth

model to microchannel experimental data of Yang et al. (2016). The chain growth model

includes the effect of water and predicts the C5+ and methane selectivities quite well.

The model is able to explain the effects of temperature and composition on the reaction

rates and selectivities. It is based on experiments done in a microchannel reactor over a

range of operating conditions which fits to our design conditions. The same models are

implemented here. However, the production of alkenes are neglected as they will constitute

a small fraction of the products and also in this manner, the optimization variables will be

reduced.

Fischer-Tropsch reaction can theoretically produce hydrocarbons with infinite number

of carbons. In order to model this product distribution, a method for handling infinite

number of reactions and components described by Hillestad (2015) is used. The method

provides an accurate product distribution without violating the element balances. Here we

have chosen to model alkanes individually up to C4, and the tail distribution of the alkanes

by the C5+ lump.

9.2.2 Microchannel reactors
The main differences between a microchannel reactor and a shell and tube fixed bed re-

actor are firstly the dimension of a channel is far smaller than the diameter of a tube, and

the catalyst particles in a channel are also far smaller than what is possible in a tube. Here

the channel dimension is chosen 2 × 2 mm2, while a tube for a FT reactor is typically

one inch or 25.4 mm. The consequence of this is that the volume specific heat transfer

area is increased by a factor more than six. This characteristic makes microchannel reac-

tors suitable for highly endothermic or highly exothermic reactions. The catalyst particle

diameter in a microchannel is here chosen 0.2 mm while a catalyst particle in a tube is

typically 3 mm. The consequence of this is that mass transfer limitation inside the particle
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is practically eliminated and all active sites are exposed to the syngas. For a catalyst pel-

let of 3 mm diameter and with the kinetic model described by Todic et al. (2014a, 2015)

and diffusivities given by Erkey et al. (1990), the effectiveness factor is calculated to be

0.20-0.25 along the length of a tube, while for particle of 0.2 mm the effectiveness factor

is close to one.

9.2.3 Synthesis gas
The synthesis gas is generated by the process model described in chapter 4. The total flow

rate, temperature, pressure and composition are given in Table 9.1. Two different syngas

compositions are considered to take into account different upstream configurations which

produce syngas.

Table 9.1: Two different syngas compositions are tested; syngas 1 with H2/CO= 2 and syngas 2 with

H2/CO=1.8

Syngas 1 Syngas 2

Temperature [◦C] 210 210

Pressure [bar] 26.93 26.93

Molar flow [kmol/h] 23560 22560

Mass flow [kg/h] 399100 399100

Mass fraction

CO 0.3751 0.3751

H2 0.0541 0.0486

H2O 0.0001 0.0001

CH4 0.0027 0.0027

CO2 0.1283 0.1283

N2 0.4397 0.4452

H2/CO molar ratio 2.00 1.80

9.3 Results and discussion
In all cases three FT stages are considered. Only three stages because there is a cost as-

sociated with cooling separation and heating the syngas between each stage, and not less

because high conversion per pass is required. The mixing structure is optimized in all

cases, but with microchannel all cases show that it is optimal with plug flow, i.e. without

back-mixing or dispersion. The reason for this is because of the almost isothermal con-

ditions inside a microchannel. If temperature hot-spots are encountered, we may see that

back mixing is beneficial, since back-mixing will level out the hot-spots. However, with a

microchannel reactor this is not seen as a problem.

In the following cases the maximum allowed reactor temperature along the path is set

to 220 ◦C. The reason is that the catalyst lifetime is prolonged when the temperature is kept
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low, and 220 ◦C is a reasonable limit. Catalyst deactivation increases exponentially with

temperature. Each calculated temperature along the path becomes an inequality constraint

in the optimization.

The results of maximizing the total production outtake with different values of the

maximum allowed total volume are shown in Table 9.2. The total reactor volume VR will

end up at the maximum in all cases, which is logical as long as there is sufficient CO

left. The cases are identified by the maximum value of σ = VR/W0, which is selected

to be 1.0, 0.75 and 0.4. For the highest values of 1.0 and 0.75 the total volumes are

large enough to obtain a high conversion, and we see that the optimal coolant temperature

profile is lower than the other. Testing the solution by increasing the temperature will

increase production of the first stage, while the total production will decrease. Sometimes,

the optimization suggests lower activity (catalyst dilution) with increased temperature,

which has the same effect on the production distribution. Lower temperature is preferred

because of less catalyst deactivation. In all cases, the optimal distribution of volume is

the same: largest volume in the first stage and smallest volume in the last stage. Addition

of hydrogen is beneficial as it increases the C5+ production. Moreover, removing C5+ and

water at the end of each stage, increases the reaction rate because partial pressures of CO

and H2 increases. This positively affects the C5+ production. In all the cases, the optimal

designs have over stoichiometric H2/CO ratios in the reactor. This is not in accordance to

what we expect that under stoichiometric H2/CO ratio is beneficial for heavy hydrocarbon

production. We believe that this anomaly is related to the Ma et al. (2014) rate expression

which is considerably affected by the H2 partial pressure. When Ma et al. (2014) rate

expression is replaced with Todic et al. (2015, 2014a) rate expression, the optimal designs

have decreasing H2/CO ratios in the reactor.

9.4 Conclusion
This chapter demonstrates the application of path optimization method of Hillestad (2010)

on FT synthesis part of a GTL plant. Through optimization of reactor path, increase in C5+

production and decrease in reactor volume is achieved. In other words, reactor productivity

is enhanced by use of this method. We do not claim that the reported results are the

global optimum, because of very non-linear nature of the optimization problem and high

possibility for existence of many local minima.
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Table 9.2: The result of maximizing production with syngas 1 subject to a maximum reactor tem-

perature of 220 ◦C. V is the catalyst volume, Tcool is the coolant temperature, WH2
is the feed of

hydrogen, a is the catalyst activity, XCO is the CO conversion, WC5+
is the production outtake of

C5+ lump, W
W0

is the mass flow rate along the path relative to the inlet flow, L is the channel length

and Nchan is the number of channels.

Case Stage
V

m3
Tcool

[◦C]

WH2

[T/h]

a
[-]

XCO

[-]

WC5+

[T/h]

W
W0

[-]

L
[m]

Nchan

million

Syngas 1

C-1.0

1 42.9 216.3 4.06 0.75 42.2 26.4 1.01 1.72 6.23

2 35.2 217.9 0 0.75 53.8 20.2 0.85 1.68 5.24

3 32.7 217.1 0 0.75 92.8 15 0.72 1.83 4.46

Total 110.8 4.06 97.2 61.6

C-0.75

1 32.1 217 4.62 0.75 33.6 20.1 1.01 1.29 6.23

2 28 218 3.8 0.75 49.4 18.8 0.895 1.27 5.51

3 23 216.9 0 0.75 82.2 12.9 0.774 1.21 4.77

Total 83.1 8.42 94 51.8

C-0.4

1 17.7 218.1 2.5 0.75 18.4 10.8 1 0.71 6.2

2 15.3 219 2.2 0.75 20.2 9.6 0.94 0.66 5.82

3 12.4 219 1.7 0.75 21 7.5 0.88 0.57 5.45

Total 45.4 6.4 48.5 27.9

Syngas 2

C-1.0

1 42.6 216.25 5.91 0.75 41.5 26 1.01 1.7 6.25

2 35.7 217.95 0 0.75 53 20.6 0.86 1.7 5.3

3 33.6 217.49 0 0.75 91.3 15.7 0.74 1.8 4.5

Total 110.8 5.91 97.6 62.3

C-0.75

1 34.6 217.1 4.98 0.75 33.8 21 1.01 1.39 6.24

2 31.9 218.1 4.6 0.75 53.1 21.2 0.9 1.44 5.52

3 16.6 216.8 1.7 0.75 74.7 9.3 0.76 0.88 4.72

Total 83.1 11.28 92.1 51.5

C-0.4

1 16.8 218.3 2.42 0.75 16.1 9.8 1 0.68 6.2

2 14.85 219 2.14 0.75 17.3 8.93 0.95 0.63 5.86

3 13.79 219 1.98 0.75 19.8 8.13 0.9 0.62 5.53

Total 45.4 6.54 44.3 26.86
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Figure 9.2: The case C-1.0 with Syngas 1

Figure 9.3: The case C-0.75 with Syngas 1
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Figure 9.4: The case C-0.4 with Syngas 1
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Chapter 10
Conclusions and Recommendations

for Future Work

10.1 Concluding remarks

A novel process concept is proposed in chapter 4 for converting natural gas to liquid hydro-

carbon products. The synthesis section is staged and hydrogen is fed between the stages

to make up for the hydrogen consumption. Products and water are removed between the

stages. This enables a high CO conversion in a once-through configuration. The process

produces syngas and hydrogen in two parallel paths. Hydrogen is produced in a heat ex-

change reformer, heat integrated with the hot outlet from the ATR. The process does not

require cryogenic air separation or fired heaters. With the proposed configuration, high

once-through CO conversion, in the order of 90 % and more, is achieved. Conventional

fixed bed and microchannel reactor models for the FT synthesis are developed and tested

separately in process simulations. The carbon efficiencies for a once-through synthesis are

calculated to be 57 and 62 % for the fixed bed and microchannel reactors, respectively.

The part of the energy that ends up in the product is 45 and 50 % for the fixed bed and

microchannel reactors. However, the fixed bed alternative produces more energy as steam

and power for export. A natural gas with heavier gas gives more products and less excess

hydrogen. As long as there is sufficient excess hydrogen for upgrading, the heavier nat-

ural gas NG2 gives a more favorable energy distribution. The process is autonomous as

it is self-sufficient with power and water. The total investment of a 12000 bbl/day plant

without considering the ship, buildings and structures or the upgrading unit is estimated

to approximately 500 million USD with fixed bed reactors. Even when everything is not

counted in the total cost, the proposed process concept is estimated to be less expensive

than existing projects. The main reason for the low cost is that cryogenic air separation

and the costly steam methane reformer are avoided.

In chapter 5, a new chain growth model is proposed based on microchannel experimen-

tal data. This chain growth model together with Ma et al. (2014) kinetic model predicted
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Chapter 10. Conclusions and Recommendations for Future Work

the experimental data quite well. Twelve kinetic models are implemented in a plug flow re-

actor model and their behaviour to six different scenarios which are depicted in Figure 5.3

are investigated. These kinetic models are compared based on their response to CO con-

version, H2/CO ratio, H2O/H2 ratio and C5+ selectivities. The trends observed for under

stoichiometric ratios of 2.0 and 1.5 are similar. r9, r10 and r12 showed different behaviour

than the rest of the models, mainly because they have the water effect in their structure.

r12, reached a singularity point at CO conversions of about 80 %. If it is to be used for

reactor design purposes, this should be taken into account. r1 goes to infinity at very high

conversions (more than 95%) in overstoichiometric scenarios, because CO which is in de-

nominator gets depleted. Effects of pressure on rate models and C5+ selectivity is also

investigated. Two pressure levels (22 and 27 bar) are used for this comparison. Higher

pressure yields higher rates for all kinetic models. But the effect of pressure on C5+ selec-

tivity is the opposite, higher pressure yields lower C5+ selectivity. Effect of added water is

also investigated on kinetic models and C5+ selectivities. For all rate models except mod-

els r10 and r12, added water decreased reaction rates, mainly because the syngas pressure

is lowered upon water addition to keep the total pressure constant. Upon water addition,

C5+ selectivities increased by about 5% for all rate models. This study can be an starting

point for researchers to look closer to structures of kinetic models.

In chapter 6, the verified kinetic rate and product distribution models of the Fischer-

Tropsch synthesis are applied (Ostadi et al., 2016). The new and verified kinetic model

yields higher reaction rates than what was used in chapter 4. The new kinetic model along

with the product distribution model is specifically suited for microchannel reactor and it

gives us a more realistic view of the process in the large scale. With the proposed configu-

ration, high once-through CO conversion, in the order of 90 % and more, is achieved. The

carbon efficiencies for a once-through synthesis are calculated to be 61 % and the energy

efficiency is about 49 %. Compared to our previous investigation, this study produces the

same amount of C5+ but in 45 % less volume which means lower cost of the overall GTL

plant.

In chapter 7, in order to increase the profitability of the GTL process, cogeneration

of ammonia is proposed. The total capital investment of a combined GTL and ammonia

plant producing 12000 bbl/day of GTL products and 576 tonnes/day of ammonia without

considering the FPSO, buildings and structures or the upgrading unit is estimated to ap-

proximately 900 million USD. Ammonia process alone will constitute 7% of this amount.

The process is autonomous as it is self sufficient with power and water and therefore well

suited for production in remote locations. Through ammonia cogeneration with GTL prod-

ucts, the sale revenues of the plant increases by about 50% which makes it commercially

more attractive. The whole process is a low-cost process and addition of ammonia pro-

duction makes it more profitable. The main reason for the low cost is that cryogenic air

separation and the costly steam methane reformer and CO2 capture units are avoided.

In chapter 8, process simulation of a once-through gas to liquid process with two dif-

ferent oxidants (enriched-air and oxygen) and utilizing microchannel reactors for FT syn-

thesis is performed. Economic analysis indicates that installed cost of FT reactor and

oxidant production equipment in enriched-air case is 18.6% higher than the case with oxy-

gen. Moreover, the operating cost is 2.21 times higher in enriched-air case. This results in

a higher net present value (NPV) for the oxygen case which makes it commercially more
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attractive. Due to offshore limitations such as safety and space issues, having a cryogenic

ASU is problematic, therefore enriched-air will be the preferred choice offshore. Further-

more, possibility of formation of NH3 and HCN in ATR adds to the favorability of using

oxygen as oxidant over enriched-air.

In the last chapter, the path optimization method of Hillestad (2010) on FT synthesis

part of a GTL plant is performed. Through optimization of reactor path, increase in C5+

production and decrease in reactor volume is achieved. In other words, reactor productivity

is enhanced by use of this method. It is highly recommended to use this method on other

processes too. We do not claim that the reported results are the global optimum, because

of very non-linear nature of the optimization problem and high possibility for existence of

many local minima.

10.2 Directions for future work
The following points are suggested for future research work:

• More research can be done to find ways to increase the energy and carbon efficien-

cies of the proposed process in chapter 4.

• By advancement of technologies in production of process equipment, it may be

possible to reduce the footprint of the proposed process even more.

• Modelling of the Heat Exchange Reformer (HER) can be done in MATLAB CAPE-

OPEN, because of its robustness and easier implementation than in Aspen Custom

Modeller (ACM). Moreover, it will make it easier to do sensitivity studies.

• Our chain growth model in chapter 5 is based on 18 experimental data points. It is

of utmost importance to validate the model on a larger set of experimental data.

• In chapter 5, we have investigated the structures of 12 kinetic models. It will be

rewarding to look into more kinetic models and come up with better structures.

• Path optimization is done with microchannel reactor with Ma et al. (2014) rate ex-

pression and our proposed chain growth model in chapter 9. This method can be

used on fixed bed reactor and other kinetic models.
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Appendix A
MATLAB as a CAPE-OPEN unit

operation in HYSYS

A.1 What is CAPE-OPEN

CAPE-OPEN is a collection of open software interface standards that describe the interac-

tion between flowsheet software components (Douglas, 1988). These set of standards fa-

cilitate interoperability between process simulators and cover most aspects of process sim-

ulation activities: Unit operations, Thermodynamics, Physical properties, Numerics, etc.

COLaN is a non-profit organization and is responsible for setting the standards (COLaN,

2017).

All process simulators have built-in models and if a user wants to add a user defined

model, they should obey the custom interface (Figure A.1). These custom interfaces differ

between different process simulators. Therefore if user writes a custom model for process

simulator A, it can not be used in process simulator B, unless it obeys the custom interface

of process simulator B.

If a unit operation is CAPE-OPEN compliant, it can be used in any process simu-

lation software that are CAPE-OPEN compliant (Figure A.2). End-user can plug any

CAPE-OPEN compliant property package or unit operation (PMC) into any CAPE-OPEN

compliant process modelling environment (PME) (Figure A.3).

Most process simulation software (like Aspen HYSYS, Aspen Plus, VMGsim, etc)

have CAPE-OPEN sockets which means they accept CAPE-OPEN unit operations and

property packages. There are two process simulation software that are completely based

on CAPE-OPEN and are free to download and use: COCO (AmsterChem, 2017) and

DWSIM which is open source (DWSIM, 2017).
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Figure A.1: Process simulator structure

Figure A.2: Process simulator interface with CAPE-OPEN

Figure A.3: Plug and play feature of CAPE-OPEN
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(a) (b)

Figure A.4: a) Step 2: Choose COMThermo fluid package type, b) Step 3: Choose Equation of

State

A.2 MATLAB CAPE-OPEN Unit Operation
It is a CAPE-OPEN compliant unit operation downloadable from http://www.amsterchem.
com/. You need to request a license from the website (free for non-commercial use). This

website has other CAPE-OPEN compliant unit operations and also a completely CAPE-

OPEN based process modelling environment named COCO.

A.3 Use of CAPE-OPEN in HYSYS

A.3.1 Create CAPE-OPEN fluid package from HYSYS:
In order to use a CAPE-OPEN unit operation in HYSYS, the streams (ports) connected

to that unit operation need to have CAPE-OPEN fluid package (this is the case with the

latest version of HYSYS which is 8.9. This requirement may change in future versions).

Therefore we need to create our CAPE-OPEN fluid package. Here we create it in HYSYS,

but it is not the only way to create a CAPE-OPEN fluid package. We need to do it once if

we want to use the same components in all our simulations. The following steps need to

be taken to create CAPE-OPEN fluid package in HYSYS:

1- Add your components

2- Choose COMThermo fluid package type (FigureA.4a)

3- Choose Equation of State for both liquid and vapour phases (FigureA.4b)

4- Export the created fluid package (FigureA.5a)

5- Give it a name and save it as ”COMThermo Property Package (.ctf)” in this folder

(FigureA.5b) :

C:\ProgramFiles(x86)\CommonFiles\Hyprotech\COMThermo\CTFFiles
Now our CAPE-OPEN fluid package is created and we can use it in HYSYS. With fol-

lowing steps the created CAPE-OPEN fluid package be used to do simulations in HYSYS

or any other CAPE-OPEN compliant process simulator.
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(a) (b)

Figure A.5: a) Step 4: Export the created fluid package, b) Step 5: Save it as ”COMThermo Property

Package (.ctf)”

1- Choose COMThermo fluid package type (FigureA.6a)

2- Choose CAPE-OPEN property package both for Vapour and Liquid phases (Fig-

ureA.6b)

3- Choose the fluid package that you created under Aspen COM Thermo (FigureA.7a)

4- Click on ”Extended PropPkg Setup” (FigureA.7b)

5- Click on ”Finish Setup...” and then click ”OK” (FigureA.8a)

6- Go to simulation environment

7- Choose CAPE-OPEN unit Operation (FigureA.8b)

8- Choose MATLAB CAPE-OPEN unit operation (FigureA.9a)

9- The resulting unit operation will look like FigureA.9b

You can enter your MATLAB code as in Figure A.10. There are a few commands

to communicate between MATLAB and HYSYS which are given in the product website

(AmsterChem, 2017). An example MATLAB code of a mixer is shown in Figure A.11.

There are some example codes provided by Amsterchem.com which can be loaded

into MATLAB CAPE-OPEN Unit Operation. These examples can be found in the instal-

lation folder of Matlab CAPE-OPEN Unit Operation:

C:\ProgramFiles\MatlabCAPE-OPENUnitOperation\Examplemodels

A.4 Sending model to another user

Requirements for the other user to be able to run your simulation:

• HYSYS and MATLAB CAPE-OPEN unit operation should be installed

• The same fluid package (.ctf file) should be used
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(a) (b)

Figure A.6: a) Step 1: Choose COMThermo fluid package type, b) Step 2: Choose CAPE-OPEN

property package both for Vapour and Liquid phases

(a) (b)

Figure A.7: a) Step 3: Choose the fluid package that you created under Aspen COM Thermo, b)

Step 4: Click on ”Extended PropPkg Setup”
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(a) (b)

Figure A.8: a) Step 5: Click on ”Finish Setup...” , b) Step 7: Choose CAPE-OPEN unit Operation

(a)

(b)

Figure A.9: a) Step 8: Choose MATLAB CAPE-OPEN unit operation, b) Resulting unit operation

Figure A.10: Enter your MATLAB code
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Figure A.11: Example MATLAB code in MATLAB CAPE-OPEN

A.5 Useful links
Useful links:

• AmsterChem: http://www.amsterchem.com/matlabunitop.html

• COLaN: http://www.colan.org/

• CAPE-OPEN Forum for discussions about CAPE-OPEN standards: http://www.
cape-open-forum.org/viewforum.php?f=5
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