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Abstract 

The global energy demand is expected to increase by almost 50% by 2040. Simultaneously, fossil 

energy reserves are threatened to disappear. Thus it is imperative to development renewable 

technologies such as Biomass-To-Liquid process. This work investigates the performances of a 

Biomass-To-Liquid process involving a Fischer-Tropsch synthesis and the performances of a 

hybrid hydrogen-carbon process including hydrogen supply for a biomass feedstock of 20 000 

tonnes per day. The processes have been simulated using the software Aspen Hysys and Aspen 

Properties. The impact of several parameters such as the water and oxygen content in the gasifier 

as well as the influence of the recycle rate on the Biomass-To-Liquid-Fischer-Tropsch process 

has been explored. The syngas production reaches a maximum for an oxygen supply into the 

gasifier of 42.4 tonnes per hour. It has been found that the addition of steam into the gasifier is 

not beneficial when having a fixed gasifier temperature and that recycling 90% of the tail gas into 

the Fischer-Tropsch gives the best performances. An optimal configuration of the BTL process 

which maximizes the carbon and energy efficiencies has been determined. It gives an energy 

efficiency of 56.55% and a carbon efficiency of 40.23% with a production of 4 257 barrel per 

day. Results are improved when using the hybrid hydrogen-carbon process and when the gasifier 

inlets are pre-heated. The highest performances have been found when the feedstock is pre-

heated at 100°C and the oxygen supply at 1600°C. It gives an energy efficiency of 63.09% and a 

carbon efficiency of 79.4%. Greenhouse emissions have been divided by 12 and the production 

of hydrocarbons has doubled when using the hybrid process. The simulation for the hybrid 

process requires an important amount of hydrogen which compensates the economic benefit 

generated by the production rise. An increase in the pre-heating of the gasifier inlet must enhance 

this aspect.  
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1. Introduction 

1.1. Project objective 

Biomass-to-Liquid process via Fischer-Tropsch (BTL-FT) synthesis is a recent and promising 

solution for biofuel production. Several former studies investigate the performance of a BTL-FT 

process for various configurations with or without unconverted syngas recycle. Some researchers 

have studied hybrid process involving a second feedstock such as natural gas or coal (1), (2), (3). 

In any case, the process displays a potential for reducing net carbon emission, but it is not 

economically viable in the current context of oil prices. The main focus of this report is to find a 

method to maximize the crude oil production from biomass while minimizing the greenhouse 

emissions. 

 

1.2. Background 

The global energy demand is expected to increase by almost 50% by 2040. The 2015 OPEC world 

Oil Outlook estimates fossil fuels as main source of energy with covering 78% of the energy needs 

(4). However, fossil fuels, which include oil, natural gas and coal, are finite resources which 

threaten to exhaust in a near future. Thus, it is crucial to develop technologies based on renewable 

feedstocks. A renewable production method of fuel for transportation is investigated in this 

document: The Biomass-to-liquid (BtL) process using Fischer-Tropsch synthesis. Liquid 

hydrocarbons are mainly used in the transportation sector ahead of electricity and hydrogen 

because of their high volumetric energy density and of their convenience (5). It is then interesting 

to find renewable technologies to produce them. The biomass is a non-depleting resource which 

offers the advantage of being easily accessible and low cost. Moreover, the BTL-FT process is 

more environmentally friendly than traditional technology since biomass contains much less sulfur 

and other contaminant compounds (6) and  emits less CO2 than crude oil during its treatment (7). 

The BTL process has become especially attractive after the Copenhagen Accord (8) which 

established new emission reduction targets.  However, such process exists only at a pilot scale. The 

gasification remains a challenge since stable gasifier performances depend on a homogeneous 

feedstock. Another important limitation is the needed quantity of biomass. It requires a large 

production of biomass per year, high transportation costs and high storage costs. But the main 

limitation is the high breakeven manufacturing cost which is around 120$/bbl (1), (2). 
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1.3. Overview of the process 

The objective of a Biomass-to-Liquids process is to produce synthetic fuels from biomass. The 

process is composed of a pre-treatment stage for making a suitable feed to the gasifier which 

produced the syngas. For kinetic reasons, a 
𝐻2

𝐶𝑂
 ratio slightly below two must be set at the Fischer 

Tropsch (FT) inlet by a water-gas-shift. The gas is then purified to remove impurities which poison 

the FT catalyst. Finally, the FT unit produces the hydrocarbons by polymerization. The following 

conceptual flow-sheet summarizes the procedure: 

 

Figure 1 : The Biomass-to-Liquids process 
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The source material is the below flowsheet: 

 

Figure 2 : Original flowsheet provided by the advisor 

 

The process has been centered on the gasification and the polymerization of hydrocarbons. Thus, 

the hydrotreatment and the distillation are not considered. A recycling loop has been added and 

technologies have been selected for reactors and separation units from literature data. The 

resulting flowsheet is presented Figure 17. The simulation of the BtL process was done using 

Aspen Hysys and Aspen Properties. In both case, the thermodynamic package “Peng Robinson” 

is used. The elements before the ACM model, which includes the gasifier, the water-shift reactor, 

the separator and the scrubber, are modeled by Hysys. The ACM model uses the data base of 

Aspen properties. A stream cutter ensures the connection. In Chapter 2, the type of biomass for 

the feedstock is chosen and described. Chapter 3 investigates the gasification performances under 

several operating conditions. Syngas treatment and the kinetic model used for the polymerization 

are described in Chapter 4. The two following sections presents and discuss the simulation 
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results: Chapter 5 deals with the results for the standard BTL-FT process and Chapter 6 with 

results when using a hybrid hydrogen-carbon process. Heat integration and economical 

evaluation were performed for the traditional BTL-FT process and for the hybrid configuration, 

and are presented in Chapter 7 and Chapter 8. Chapter 9 is dedicated to the conclusion. The last 

Chapter contains the advices for further work. 
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2. Feedstocks 

2.1. Biomass 

Several biomass sources can be used such as wood, plant from energy crops, agricultural and forest 

residues as well as food waste. The choice for the biomass is discussed in this section. Controlling 

the available quantity of biomass is an important aspect if once wants biofuel to make an important 

contribution to the oil market. In this way, energy crops are appealing. However, they present the 

drawback to compete with crops dedicating to food production, which leads to an ethical problem. 

Using food waste seems to be an interesting sustainable solution, since it enables the people to 

satisfy the energy needs while getting rid of their waste. Unfortunately, food waste are not 

homogeneous feedstocks and contain a high percentage of moisture and impurities like soluble 

heavy metal (9). Agricultural and forestry residues are a potential choice. Both have an important 

role in soil fertility but they are not entirely used and a large part remain available. For instance, 3 

1012 t/y of agricultural residues are unused and 15 tons of non-valuated forest residues are generated 

for each 100 tons of roundwood produced (10).  The heating value of the biomass is an important 

quality parameter for biomass. The excel sheet called “Heat content ranges for various biomass 

fuels” presents the heating value for different biomass (confer appendix A). On average, forest 

residues have the greatest calorific value. Hence, forest residues are finally chosen as biomass in 

this report. As other woody biomass, it contains less amount of sulfur as well as heavy metals than 

fossil fuels and it is cheaper. Forestry residues are biogenic waste which come from thinning and 

logging. They consist of small trees, branches and un-marketable wood. The ultimate analysis 

given by the NREL report (11) (Table 1) is used in this study. Ashes are metals present in the 

biomass. For simplicity, we assume a dry feedstock with no ash content. The ash percentage 

involved in the NREL report is replaced by a carbon percentage in this study since no ash are 

assumed (51.8 wt% is considered instead of 50.88%). The influence of this modification on the 

heating value is neglected. 

Component   C H N S O 

Wt% dry basis 51.8 6.04 0.17 0.09 41.9 

Heating value (Btu/lb):     8 671 HHV     8 060 LHV 

 
Table 1: Ultimate analysis of hybrid popular feed (wt%, dry basis) 

The chemical formula is determined thanks to the ultimate analysis. In 100g of biomass, 51.8g of 

carbon are found. Divided by the carbon molar weight (12.01 g/mol), it gives a result of 4.32 carbon 
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moles contained in 100g of biomass. The same is applied to other atoms which leads to the 

following chemical formula: C4.31H6.04O2.62N0.012S0.003. 

 

2.2. Feedstock pretreatment 

Size reduction and drying are needed before gasification and the specifications depend on the type 

of the gasifier. For an entrained-flow gasifier, the typical range of the particles is 0.1 to 1 mm which 

is very consuming. Besides, pretreatment reduces the cost of the transportation in the case where 

the torrefaction process is chosen to be operated next to a forest and not on the BtL plant. Pyrolysis 

and torrefaction are two options. Pyrolysis has the advantages to be a well-known technology 

widely used at a large scale and shows good performances. Although its immaturity, torrefaction 

has interesting benefits. It is a mild pyrolysis which operates only between 200 and 300°C and 

attests the same efficiency than the pyrolysis. Furthermore, torrefaction prevents from 

agglomeration which can occur during high pressure feeding. Torrefied biomass is then assumed 

in the current study which justify the use of a dry biomass as feedstock since very low moisture 

content can be reached (12).  
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3. Syngas Production 

3.1. Gasifier and modelling 

Several kind of gasifier have been developed. The advantages and disadvantages for the various 

technologies are summarized in the table below (13), (14):  

Advantages Disadvantages 

Fixed/moving bed, updraft 

Simple, inexpensive process Large tar production 

Operates satisfactorily under pressure Potential channelling 

High carbon conversion efficiency Potential bridging 

High thermal efficiency Small feed size 

Low dust levels in gas Potential clinkering 

Fixed/moving bed, downdraft 

Simple process Minimum feed size 

Only traces of tar in product gas Limited ash content allowable in feed 

Good compactness Low operating pressure 

 Potential for bridging and clinkering 

Fluidized-bed 

Flexible feed rate and composition 

High ash fuels acceptable Operating temperature limited by ash clinkering 

Able to pressurize High tar and fines content in gas 

High volumetric capacity Possibility of high C content in fly ash 

Easy temperature control  

Circulating fluidized-bed 

Up to 850 °C operating temperature Corrosion and attrition problems 

Flexible process Poor operational control using biomass 

Entrained bed 

Flexible to feedstock Extreme feedstock size reduction required 

Exit gas temperature Complex operational control 

Very low in tar and CO2 Carbon loss with ash 

 Ash slagging 

Table 2 : Table of advantages and disadvantages of different types of gasifiers 

 

The entrained flow gasification has been chosen among the available technologies as it presents 

good performances and reliability (15) and enables one to produce a clean syngas at high pressure. 

It has the advantages to operate at high temperature which means little methane and tar production 
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(14). Higher is the pressure in the gasifier, smaller is the volume equipment but higher is the wall 

thickness. Both volume and thickness have an influence on the price. Gasification at 20 bars can 

often be read in literature (2) and has then be chosen. Besides, it enables the process to reach a high 

pressure in the FT without using a compressor. The equilibrium is assumed for the gasification. 

The O2 stoichiometric ratio is adjusted to reach the desired temperature. The gasification is 

modeled in two part in Aspen Hysys. The biomass is first entirely decomposed in a conversion 

reactor by pyrolysis. Then, oxygen, water and the decomposed biomass react in a Gibbs reactor. In 

practice, only one adiabatic device would be used, that is why the duty of the second reactor is set 

as the opposite of the conversion reactor duty (-5.5 105 KJ/Kmole). Modeling the gasifier with two 

reactors is acceptable since the pyrolysis takes place before the oxidation in a entrained-flow 

gasifier (16). However, it is considered that 100% of the biomass is decomposed in the conversion 

reactor which is a non-realistic assumption. Indeed, some char and soot remain after gasification 

(17). 

 

Figure 3 : Modelling of the entrained-flow gasifier with Aspen Hysys 
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Figure 4 : Isothermal compression of the oxygen 

 

The steam is inputted at 800°C and the pure oxygen at 600°C. Both streams are at 20 bar.  

Isothermal compressing requires less working energy than a simple compressing. Then, 3 

compressors with a pressure ratio of 2.7 are used and 2 coolers ensures the refrigeration of the gas. 

A heater brings the compressed oxygen to 600°C. Some assumptions are made; the procedure 

operates under steady state conditions, chemical equilibrium is established during the gasification, 

the device is adiabatic (no heat loss) and the formation of tars is neglected. 

 

3.2. Chemical reactions 

The biomass particles quickly undergo pyrolysis in the gasifier: 

C4.31H6.04O2.62N0.012S0.003 = 4.31C(s) + 3.02H2 + 0.006N2 

+0.003S + 1.31O2 

 

∆H°298= +5.5105 KJ/Kmol R1 

The resulting compounds subsequently react in the gasifier by the followings (17): 

H2 + ½ O2 = H2O ∆Hr = -242 KJ/mol R2 

CO + ½ O2 = CO2 ∆Hr = -283 KJ/mol R3 

CH4 + ½ O2 = CO +2H2 ∆Hr = -36 KJ/mol R4 

CH4 + 2O2 = CO2 + 2H2O ∆Hr = -803 KJ/mol R5 

CO + H2O = CO2 + H2 ∆Hr = -41 KJ/mol R6 

CH4 + H2O = CO + 3H2 ∆Hr = +206 KJ/mol R7 

C(s) + CO2 = 2CO ∆Hr = +172 KJ/mol R8 

C(s) + H2O = H2 +CO ∆Hr = +131 KJ/mol R9 

C(s) + 2H2 = CH4 ∆Hr = -75 KJ/mol R10 

C(s) + O2 = CO2 ∆Hr = -394 KJ/mol R11 

C(s) + ½ O2 = CO ∆Hr = -111 KJ/mol R12 

 

The gasification is simulated with a conversion (CRV) and a Gibbs reactor (GBR). The latter 

minimizes the Gibbs free energy in the GBR. The above list presents the main reactions involved 
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in the gasification but the list is non-exhaustive. The water gas shift reaction R6 has a fast reaction 

rate unlike R7, the steam-methane reforming, which has a slow kinetic. Those two reactions are 

assumed to determine the bulk gas composition (17). Char, represented by solid carbon particles 

C(s), are fully consumed during the gasification. The reaction R12 is known to have a faster 

reaction rate than R8, R10 and R11 (18). Methane formation is not wanted since it contains carbon 

atoms which are automatically not used to form CO and since it is a too light hydrocarbons to be 

in the final products. 

 

3.3. Influence of the reactor temperature on the syngas production 

The temperature was varied from 1064 to 1415°C keeping a constant pressure (P = 20bar), constant 

O2 inlet flowrate (=0.6) and constant H20 inlet flowrate (S/C=0.2). To do this, the “SET-duty” 

(see Figure 3) has been ignored and the “Duty-GBR” has been manually set. The results are 

presented in Figure 5. “Stream (1)” stands for the gasifier outlet stream. The sum of the CO and H2 

molar flowrate is called “syngas” as they are the compounds of interest.  

  

 

Figure 5 : Simulation results as function of the gasifier temperature for λ=0.6 and S/C=0.2 
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The yield of syngas increases with the reactor temperature and reaches a stability zone above 

1300°C. This effect is predictable from the thermodynamic. Indeed, high temperature favors 

endothermic reactions (R7, R8 and R9) which produce the syngas (CO and H2) according to the 

“Le Châtelier’s principle”. Above a certain temperature, the equilibrium constants Ki(T) changes 

very little and then, the syngas yield does as well. At higher temperature, the H2/CO ratio becomes 

somewhat lower, but a high temperature variation is needed to bring a small change to the ratio. 

The inert concentration is broadly constant (Table 3). A 3 mol% change in CO2 is noticed while 

the temperature increases by around 400°C.  

 

T (°C) CH4 mol% duty (KJ/h) 

1064 0,19 -5,89E+08 

1126 0,07 -5,70E+08 

1161 0,04 -5,60E+08 

1196 0,03 -5,50E+08 

1232 0,02 -5,40E+08 

1305 0,01 -5,20E+08 

1342 0 -5,10E+08 

1415 0 -4,90E+08 

Table 3 : Table of the simulation results for different temperatures in the gasifier at lambda = 0,6 and at S/C = 0,2 

NB: (1) stands for the outlet gasifier stream 

 

Hence, high temperature improves the quantity and the quality of syngas by reducing the CO2 

generation. In the further study, an auto-thermal and adiabatic gasifier is assumed, and the 

temperature is modified by changing the amount of oxygen. 
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3.4. Influence of H2O on the syngas production 

The ratio stream-to-carbon (S/C) defines an important parameter for the gasification.  

S/C = 
Molar flow of the steam inlet in the gasifier (

Kgmole

h
)

Molar flow of the inlet carbon in the gasifier (
Kgmole

h
)
       (1) 

Its impact has been investigated by varying it between 0.01 to 2 and keeping a constant lambda 

(=0.6) and a constant pressure. 

 

 

 

Figure 6 : Simulation results as function of the Steam-to-Carbon ratio at lambda=0.6 

 

The main impact of the water steam inlet is to enrich the syngas with hydrogen which leads to an 

improved H2/CO ratio (confer Figure 6). This result comes from that the water-gas-shift reaction, 

R6. It is enhanced by the high concentration of water. which is one of the two equations governing 

the syngas composition (17).  

0

0,5

1

1,5

2

2,5

0 0,5 1 1,5 2 2,5

H
2

/C
O

 s
tr

ea
m

 (
1

)

S/C

5080

5090

5100

5110

5120

5130

5140

5150

0 0,5 1 1,5 2 2,5

S
y
n
g
as

 (
K

g
m

o
l/

h
)

S/C

0

0,05

0,1

0,15

0,2

0,25

0,3

0,35

0

2

4

6

8

10

12

14

16

0 0,5 1 1,5 2 2,5

%
C

H
4

 s
tr

ea
m

 (
1

)

%
C

O
2

 s
tr

ea
m

 (
1

)

S/C

%CO2

%CH4



 

Syngas Production 

28 

 

Simultaneously, the same reaction conducts to the reduction of the CO content (Table 4) and 

increase the CO2 formation, which is not favorable in this case. Conversely, the methane is 

consumed by the reforming reaction R7. Above S/C=1, the change in the gas composition is less 

important. Similarly, the rise of the syngas production slows down. This is attributed to the 

thermodynamic. The addition of steam enhances the reactions R6, R7 and R9 but it also decreases 

the temperature (Table 4). Indeed, the steam is introduced at moderate temperature (800°C) and 

then takes heat to the system to warm it up. In this way, the endothermic reactions R7, R8 and R9 

are disfavored which slows down the syngas production.  

 

S/C H20 (kg/h) Syngas (kmol/h) CO (Kmol/h) %CH4 %CO2 H2/CO (1) T (°C) 

0,01 7,49E+02 5,08E+03 3,12E+03 0,31 7,29 0,63 1073 

0,05 3,00E+03 5,09E+03 3,08E+03 0,27 7,86 0,65 1071 

0,12 7,49E+03 5,10E+03 3,00E+03 0,23 8,87 0,70 1068 

0,16 1,05E+04 5,10E+03 2,94E+03 0,2 9,46 0,73 1066 

0,23 1,50E+04 5,11E+03 2,87E+03 0,17 10,24 0,78 1063 

0,40 2,58E+04 5,12E+03 2,70E+03 0,13 11,66 0,90 1056 

0,50 3,23E+04 5,12E+03 2,61E+03 0,11 12,29 0,96 1051 

0,70 4,52E+04 5,13E+03 2,45E+03 0,08 13,2 1,10 1043 

0,80 5,17E+04 5,13E+03 2,37E+03 0,07 13,51 1,17 1039 

0,90 5,81E+04 5,13E+03 2,30E+03 0,07 13,76 1,23 1035 

1,00 6,46E+04 5,13E+03 2,23E+03 0,06 13,95 1,30 1030 

1,50 9,69E+04 5,14E+03 1,94E+03 0,04 14,3 1,65 1011 

1,80 1,16E+05 5,14E+03 1,80E+03 0,03 14,22 1,86 1001 

2,00 1,29E+05 5,14E+03 1,71E+03 0,03 14,1 2,01 994,6 

Table 4 : Table of the simulation results for different steam-to-carbon ratio in the gasifier at lambda = 0,6 
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According to the simulation results, a high value of the S/C ratio rise the syngas production and 

improves the H2/CO ratio. Besides, the formation of unwanted methane is limited by the attendance 

of steam. However, the steam converts CO in CO2, thus generating carbon loss. 

 

3.5. Influence of the oxygen content on the syngas production 

The quantity of oxygen inside the gasifier is quantified by the O2 stoichiometric ratio 


Actual O2 inlet in the gasifier (

kg

h
)

O2 inlet for stoichiometric  combustion in the gasifier (
kg

h
)


The stoichiometric quantity of oxygen has been determined with Aspen Hysys by increasing 

progressively the oxygen inlet in the gasifier for a ratio S/C=0. Stoichiometric combustion is 

reached right before the gasifier outlet contains oxygen. The result is an inlet mass flow of 6.23 104 

Kg/h.  A lambda below 1 is here desired since the interest is to have an incomplete combustion to 

produce CO. The oxygen inlet is at 20 bar and 600°C. The impact of oxygen on the gasifier 

temperature, the syngas flowrate and on the outlet gas composition have been investigated with 2 

different water flow inlet.  

  

 

Figure 7 : Temperature profile in the entrained flow gasifier versus λ  for a steam-to-carbon ratio (S/C) of 0.2 and of 

0.5 
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For the two steam-to-carbon ratio, a breakpoint is noticeable on the curve of the temperature 

versus λ. The temperature increases faster for a lambda above around 0.57. Indeed, below the 

breakpoint, an increase in lambda of 0.1 leads to a temperature increase between 55 and 65 °C 

while the rise is between 182 and 313°C beyond the breaking point. The increase in temperature 

lies in the fact that the oxygen takes part in the exothermic equation R2, R3, R4, R5, R11 and 

R12 which release heat in the adiabatic system. The linear relation between the gasifier 

temperature and λ suggests that one chemical equation is mainly responsible for the heat released. 

The change in the slope before and after the breaking point indicates that the global equilibrium 

changes in the gasifier. An explanation for this phenomena is here proposed: The oxygen first 

reacts with the compound which attracts it the most. After the breaking point, the oxygen amount 

in the gasifier is high enough to enable oxygen to take part in the others reaction. Thus, several 

reactions release heat after the breaking point (λ=0.57) and not just one anymore, which leads to 

a higher slope. 
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Figure 8 : Molar flowrate of the syngas and concentration in percentage of the carbon dioxide in function of lambda 

for S/C=0.2 (on the top) and of S/C=1.5 (below) 
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production. The study uses an entrained flow gasifier at 2-7 barA with pure oxygen. A maximal 

CO production is observed at λ= 0.425. The difference between the λ found in the literature and 
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of inert content. Simultaneously, the CO2 formation is considered. A minimal production of 

carbon dioxide is desired since it means less carbon loss for the process. For S/C=0.2, the 

minimum is reached at =0.689 and at =0.796 for S/C=1.5. The trend line equation can be 

found in Table 5 and Table 6. As explain above, oxygen makes the temperature increase and high 

temperature improves the syngas yield (confer 3.3). However, it means that CO and H2 are 

oxidized which is translated into a drop of the syngas (CO and H2) amount. The optimum 

corresponds to the operating point where the incidence of the temperature and the incidence of 

the oxygen concentration on the syngas formation are equally important. 

 

λ O2 (Kg/h) T gasifier (°C) 

Syngas 

(kmol/h) % CO2 % CH4 H2/CO (1) 

0,23 1,41E+04 714,2 1,98E+03 23,40 25,79 0,44 

0,34 2,12E+04 789,6 3,08E+03 17,30 14,70 0,62 

0,45 2,83E+04 861,7 4,18E+03 13,18 6,42 0,74 

0,57 3,54E+04 981,8 5061,71 10,41 0,85 0,79 

0,68 4,24E+04 1332 4851,363 9,57 0,00 0,65 

0,79 4,95E+04 1711 4408,52 10,50 0,00 0,54 

0,91 5,66E+04 2038 3967,954 12,53 0,00 0,45 

Trend line (Syngas)   y = 110597x4 - 251240x3 + 184107x2 - 44130x + 5158,3           R² = 0,9965 

Trend line (CO2 mol%)   y = 64,486x2 - 88,859x + 40,178                                                    R² = 0,9994 

Table 5 : Table of the simulation results for different lambda values in the gasifier at S/C = 0,2 
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λ O2 (Kg/h) T gasifier (°C) Syngas (kmol/h) % CO2 % CH4 H2/CO (1) 

0,23 1,41E+04 696,2 2,98E+03 20,35 9,42 3,194 

0,34 2,12E+04 753,7 4,01E+03 18,59 5,21 2,606 

0,45 2,83E+04 820,7 4,92E+03 16,73 1,84 2,214 

0,57 3,54E+04 951,9 5,23E+03 14,79 0,13 1,784 

0,68 4,24E+04 1158 4,85E+03 13,54 0 1,386 

0,79 4,95E+04 1369 4,41E+03 13,23 0 1,132 

0,91 5,66E+04 1569 3,97E+03 13,62 0 0,959 

Trend line (Syngas)    y = 69572x4 - 145435x3 + 90254x2 - 12751x + 2728,4          R² = 0,9962 

Trend line (CO2 mol%)    y = 34,592x3 - 40,507x2 - 1,2931x + 22,345                            R² = 0,9991 

Table 6 : Table of the simulation results for different λ values in the gasifier at S/C = 1,5 

NB: (1) stands for the outlet gasifier stream 

 

CH4 is an unwanted by product. Its production decreases the energy efficiency of fuel since it is a 

hydrocarbon too light to be in the fuel. Furthermore, the methane does not react much in the 

process and then, it accumulates if once set a recycling loop. The simulation results give a 

significant concentration of methane at a lambda below 0.5 which corresponds to a temperature 

below 950 °C. Thus, a temperature above 1000°C seems to improve the syngas quality by 

reducing the methane concentration. An optimal lambda (λoptimal = 0.57) which maximizes the 

syngas production has been determined and seems to remain constant for different water inlet. 

This value is found again below in the study. O2 has a linear relationship with the gasifier 

temperature which enables one to control the vessel temperature by setting the oxygen inlet. 
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3.6. Influence of the pressure on the syngas production 

The incidence of the pressure has been investigated in the interval from 15 bar to 80 bar for =0.6 

and S/C=0.23. It is interesting to study the pressure impact as high pressure allows to reduce the 

size, and thus, the price of the reactor. The amount of syngas formed, the H2/CO ratio and the CO2 

concentration remain roughly constant. The pressure has only an interesting impact on the methane 

concentration. The increase of methane is slight (around 0.15% every 10 bar). The rise of the CH4 

content is derived from the steam-methane equilibrium reaction R7. Increasing the pressure leads 

to shift the reaction towards the formation of methane and water. Weiland and al (17) have come 

to the same observation.  

 

P (bar) %CH4 %CO2 T CO (Kmol/h) H2/CO (1) 

Syngas 

(Kmol/h) 

15 0,12 9,8 1060 2,91E+03 0,76 5,13E+03 

20 0,19 9,82 1064 2,90E+03 0,76 5,10E+03 

25 0,27 9,84 1069 2,90E+03 0,75 5,09E+03 

30 0,35 9,87 1074 2,90E+03 0,75 5,06E+03 

35 0,44 9,89 1078 2,89E+03 0,74 5,04E+03 

40 0,52 9,91 1083 2,89E+03 0,74 5,02E+03 

50 0,68 9,95 1092 2,87E+03 0,73 4,98E+03 

60 0,83 10 1100 2,86E+03 0,72 4,94E+03 

70 0,97 10,04 1108 2,85E+03 0,72 4,90E+03 

80 1,1 10,08 1115 2,84E+03 0,71 4,87E+03 

Table 7 : Table of the simulation results for different pressure in the gasifier at lambda = 0,6 and S/C = 0,23 
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3.7. Concurrent variation of the steam-to-carbon ratio and lambda 

The simultaneous variation of the two parameters S/C and has been studied. The aim is to obtain 

a constant temperature of 1300°C for different S/C ratio by changing the oxygen inlet i.e. λ.  

 

  

 

Figure 9 : Simulation results versus the steam-to-carbon ratio for a gasifier temperature of 1300°C 
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predictable. Indeed, when going from S/C = 0.2 to S/C= 0.4 (+0.2), λ increases by +0.1. According 

to the previous results, an increase by 0.1 for λ makes drop the syngas by around 440 Kmol/h 

(above the optimum). On the other hand, an increase by +0.2 for S/C at constant λ makes only rise 

the syngas production by 10 Kmol/h. Oxygen influences then more the syngas production than 

water. However, the steam still governs the evolution of the H2/CO ratio and of the CO2 

concentration as they evolve in the same way than shown in 3.4.  

 

S/C 

 

H20 (kg/h) O2 (kg/h) λ 

Syngas 

(kmole/h) CH4 mol% CO2 mol%  H2/CO (1) 

0,01  6,46E+02 4,12E+04 0,66 4,93E+03 0,01 7,34 0,57 

0,05  3,23E+03 4,14E+04 0,66 4,92E+03 0,01 7,9 0,59 

0,1  6,46E+03 4,15E+04 0,67 4,91E+03 0,01 8,52 0,62 

0,2  1,29E+04 4,19E+04 0,67 4,89E+03 0 9,56 0,66 

0,4  2,58E+04 4,27E+04 0,68 4,84E+03 0 11,05 0,76 

0,6  3,87E+04 4,34E+04 0,70 4,79E+03 0 11,9 0,84 

0,8  5,17E+04 4,41E+04 0,71 4,75E+03 0 12,59 0,93 

1  6,46E+04 4,50E+04 0,72 4,69E+03 0 12,95 1,01 

1,5  9,69E+04 4,71E+04 0,76 4,56E+03 0 13,25 1,21 

2  1,29E+05 4,94E+04 0,79 4,41E+03 0 13,1 1,39 

Table 8 : Table of the simulation results for different S/C values in the gasifier at T = 1300ᵒ C 

 

To conclude, adding steam in the gasifier would be beneficial if the gasifier temperature was not 

fixed at 1300°C, since water improves the syngas production and the H2/CO ratio as seen in 3.4. 

However, to avoid tar formation, high temperature for the gasifier is needed. Then, to maximize 

the syngas production, no additional water in the gasifier is suggested. 
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4. Production of hydrocarbons 

4.1. Treatment of the syngas 

4.1.1. Water-gas-shift reactor  

The Fischer-Tropsch synthesis is carried out in the presence of a catalyst which implies a cleanup 

of the input to avoid the catalyst poisoning. Furthermore in our case, the FT reactor is the most 

effective when the inlet has a ratio 
𝐻2

𝐶𝑂
 slightly below 2 (14). A ratio of 1.98 has been chosen for 

the study.  After gasification, the first stage is to adjust the ratio 
𝐻2

𝐶𝑂
  using a Water-Gas-Shift 

(WGS) reactor: 

 

CO + H2O = CO2 + H2   ∆Hr = -41 KJ/mol     (2) 

 

An equilibrium reactor is used for modelling the WGS reactor and the amount of provided steam 

is set to obtain a ratio 
𝐻2

𝐶𝑂
 = 1.98 at the Fischer-Tropsch inlet using an “Adjust” tool in Aspen 

Hysys. High or low-temperature WGS can be used. The reaction is thermodynamically fostered 

by low temperature as shown on the below figure (19): 

 

 

Figure 10: Effect on the temperature on the equilibrium constant of the WGS reaction 
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The catalysts for low-temperature WGS (LTWGS) are based on Cu-ZnO/Al2O3 and the operating 

temperature is in the range 190-250°C. The conversion is then higher when using a LTWGS but a 

high-temperature WGS kinetically favors the water gas shift reaction, which means a greater 

reaction rate. As the aim of the WGS reactor in the process is not to convert all the CO which is a 

valuable compound, HTWGS is chosen which makes increase the kinetic. High-temperature 

WGS typically use catalysts based on Fe2O3-Cr2O3 and operate at temperature between 300°C 

and 450°C. The WGS reactor in the simulation operates at 400°C. The sulfur resistance is 

assumed for the catalyst. 

 

4.1.2. Discussion about the influence of water supply on the system 

“Gasifier and Water-Gas-Shirt reactor” 

The WGS reactor enables one to set the hydrogen-carbon monoxide ration but also consumes CO 

and produces CO2. More hydrogen is produced in the gasifier when adding water according to the 

equations R6, R7 and R9 which suggests that adding water in the gasifier could reduce the carbon 

loss which occurring in the WGS reactor. Indeed, if the H2/CO is improved at the gasifier outlet, 

less CO has to be consume in the WGS reactor to adjust the H2/CO ratio. The impact of the water 

inlet in the gasifier has been investigated for a constant lambda (λ = 0.601). It is recalled that a 

constant lambda does not mean a constant temperature in the gasifier and that “stream (1) is the 

outlet of the gasifier. 
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Figure 11 : Simulation results at λ=0.601 for different water inlet in the gasifier 

 

 
Figure 12 : Inerts concentration in dry syngas at λ=0.601 for different water inlet in the gasifier 

 
Figure 13 : Temperature of the gasifier at λ=0.601 for different water inlet in the gasifier 
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The discontinuities on the plots are due to the fact that each experimental points are connected 

and the experience has been realized with a point spacing really small for small values of 

additional water (see appendix B). It can be fixed by using a trend line. The increase in water at 

the gasifier inlet does decrease the needed amount of steam in the WGS reactor as expected. 

Multiplying the steam inlet in the gasifier by 160 (from 50 Kmole/h to 800 Kmole/h) permits to 

spare 11% of the total needed water (1.17x104 Kmole/h needed steam for an inlet of 50 Kmole/h 

and 1.04x104 Kmole/h for an inlet of 800 Kmole/h). Less steam in the WGS reactor leads to less 

conversion of CO and then to less carbon loss. The carbon loss generates by the gasifier and the 

WGS reactor are calculated using the following equation. The molar flows are taken at the outlet 

of the WGS reactor (stream (2)). 

 %Carbon loss at the WGS reactor outlet  = 
Fcarbon in CO2 + Fcarbon in CH4

Fcarbon in Biomass
    (3) 

Fcarbon in “compound”: Molar flow of carbon contained in the compound (Kmole/h) 

 

It is noticed that the carbon loss has not been improved even though less CO is consumed when 

increasing the water inlet in the gasifier (see appendix B). It is due to the fact that the CO 

consummation does not change enough to influence the carbon loss. For the same reason, the 

CO2 percentage in the dry syngas remains quite constant. Indeed, a decrease of only 0.18 points is 

noticed when the water inlet in the gasifier is multiplied by 160. The gasifier temperature drops 

when water is added, which leads to the production of tars. This comes from the fact that the 

water is introduced at 800°C and thus, the water captures a part of the heat released by the 

exothermic reaction. To maintain the temperature of the gasifier, extra oxygen should be added, 

which moves one from the optimal λ.  

In sum, increasing the water inlet in the gasifier does not improve the performance (amount of 

CO and CO2 almost constant) but permit to spare water. However, it makes the gasifier 

temperature drop. The optimal water inlet in the gasifier is discussed later in the study. 
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4.1.3. Acid gas cleaning 

The FT reactor uses a catalyzer (cobalt) which poisoning is likely to occur. A clean up system is 

then used to remove the sulfur compounds and water. Indeed, sulfur compounds and water 

deactivate the catalyst by blocking the cobalt surface sites (14) (p15). CO2 is removed as well since 

it does not react in the FT reactor and then, just make increase the FT volume. A dryer and a 

scrubber are set after the WGS reactor. A separator simulates the dryer and a component splitter is 

used for the scrubber. 1 mol% of water is tolerated in the dry syngas. The performances of the 

amine scrubber used in the simulation are summarized in the below table, assuming the use of 

ethanolamine (MEA) (20) (p837), the NO2 removal is fixed at 0.7. The CO2 and H2S are assumed 

at 0.9 and 1 for the purpose of the simulation. 

 

Component Removal in mol% of 

each component 

Component Removal in 

mol% of each 

component 

CO2 0.9 Dry biomass* 1 

H2O 1 CO 0 

H2S 1 H2 0 

SO2 1 NO 0 

C 1 NO2 0.25 

S-rhombic 1 COS 1 

NH3 1 Hydrocarbons 1 

HCN 1   
Table 9 : Separation performances of the amine scrubber 

 

Finally, a heat exchanger warms up the syngas at the FT operating temperature (220°C) (see 

Figure 17). 

 

 

 

 

 

https://fr.wikipedia.org/wiki/%C3%89thanolamine
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4.2. Kinetic 

The Fischer-Tropsch synthesis converts synthesis gas to liquid hydrocarbons using a set of 

polymerization reactions in the presence of a catalyst. It was introduced by Han Fischer and 

Franz Tropsch in 1923. The FT kinetic over a cobalt catalyst have been studied by Magne 

Hillestad (21) and results are here used. Hydrogenation of CO takes place to produce n-paraffins, 

1-olefins and some oxygenates. The production of oxygenates are here neglected since they are 

produced in a small amount and the water gas shift reaction is not considered here since we use a 

cobalt catalyst which are known not to be shift active.  

Then, we consider the two following equations (21): 

nCO + (2n+1)H2 → CnH2n+2 + nH2O  n = 1,2,…,∞  (4) 

nCO +2nH2 → CnH2n + nH2O              n = 2,3,…,∞  (5) 

 

The kinetic results of Ma et al (22) given for a FT synthesis under 220°C using a continuously 

stirred tank reactor (CSTR) over a 25%Co/Al2O3 catalyst are here used. The empirical CAER 

kinetic model have been employed. After determination of the parameter values, the resultant 

model is: 

         (6) 

rFT : Paraffin reaction rate in mol/g-cat.h (cf reaction nCO + (2n+1)H2 → CnH2n+2 + nH2O  n 

= 1,2,…,∞  (4), rFT =r1) 

k = 0.0133 

a= -0.31 

b= 0.88 

m= -0.24 

 

Olefin reaction rate is assumed to be 8% of the paraffin reaction rate : r2 = 0.08r1. 

In the aspen ACM model, the paraffin reaction rate r1 is multiplied by a coefficient called 
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“Paraffin_rate_adjuster” (value=0.6) to take into account the catalyst loading as well as the 

catalyst deactivation. 

Generally, the products from Fischer-Tropsch synthesis follow the Anderson-Schulz-Flory (ASF) 

distribution. This states that the ratio of two consecutive reactions is given by the growth factor α 

which can be used to determine the product distribution. The Anderson-Schulz-Flory distribution 

is here applied, therefore no chain limitation and a constant growth factor are assumed even 

though α can change from one reaction to another due to differences in temperature and 

concentration. The chain growth probability is defined by the below equation: 

α=
𝑟𝑝

𝑟𝑝+𝑟𝑡
           (7) 

rp : reaction rate for propagation 

rt: reaction rate for termination 

 

α can be expressed in function of partial pressure: 

          (8) 

 The instantaneous molar fraction is given as the probability to produce a molecule with i carbon 

atoms. 

xi = (1-α)αi-1           (9) 

 

The expression of the instantaneous weight fraction is: 

wi = i(1-α)2αi-1           (10) 

  

From experiences, once observe a high selectivity of methane. Indeed, the plot of log(xi) in function 

of i (the number of carbon) gives a slope equals to log(α) according to equation (6). However, the 

plot log(xi)=f(i) obtained by experimental results from FT synthesis shows two slopes (21): 
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Figure 14 :(A) plot of molar distribution obtained by the ASF model considering one constant propagation 

probability α =0.95, and (B) plot based on experimental results where the red line has a slope of logα1 with  α1= 

0.95 and the red line has a slope of logα2 with α2= 0.75 

Possible reasons for the double-α behavior are the existence of two types of active Fischer-

Tropsch sites as decribed by Huff and Satterfield (23) and/or two separate reaction pathways 

(24). Two constant growth factor are then taken in account, α1 for paraffin production and α2 for 

1-olefin formation. Figure 14 brings to light that the selectivity of CH4 is higher and C2H4 

selectivity is lower than predicted by ASF distribution. To fit more properly to the experimental 

results, the cleavage of ethylene (5) and an additional methanation reaction (6) are introduced: 

C2H4 +2H2 → 2CH4          (11) 

CO + 3H2 → CH4 + H2O         (12) 
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The summation of all the reactions in the equation nCO + (2n+1)H2 → CnH2n+2 + nH2O  n = 

1,2,…,∞  (4) and nCO +2nH2 → CnH2n + nH2O              n = 2,3,…,∞  (5) 

leads to the following equations: 

CO + U1 H2 → ∑ ⱱi,1 CiH2i+2 +H2O         (13) 

CO + U2 H2 → ⱱ1,2 CH4 + ∑ ⱱi,2 CiH2i + H2O       (14) 

U : stoichiometric usage of hydrogen 

ⱱ : Stoichiometric coefficient  

 

U1 =∑ (𝑖 + 1)𝑣𝑖, 1 + 1∞
𝑖=1  = 3–α1            (15) 

U2 = 2ⱱ1,2 + ∑ 𝑖𝑣𝑖, 2 + 1∞
𝑖=2  = (1-α2)² + 2        (16) 

ⱱi,1 = (1-α1)²α1
i-1                            (17) 

ⱱi,2 = (1-α2)²α2
i-1            (18) 

 

No chain limitation is assumed which means that an infinite number of components are formed. 

Lumps of components are introduced to model the infinity of compound. Two lumps are 

considered in the study, C5+olefin and C11+paraffin. According to Hillestad (21), the finite sum of 

the molar fraction S, the stoichiometric coefficient ⱱ, the average carbon number and the weight 

average carbon number of the lumps are defined as follows: 

S|5,∞] = ∑ 𝑥𝑖∞
𝑖=5  = (1-α2)∑i=5 α2

i-1 = α2
5-1        (19) 

S|11,∞] = ∑ 𝑥𝑖∞
𝑖=11  = (1-α1)∑i=11 α1

i-1 = α1
11-1        (20) 

 

ⱱ[5,∞] = ∑ 𝑣𝑖∞
𝑖=5  = (1-α2)α2

5-1           (21) 

ⱱ[11,∞] = ∑ 𝑣𝑖∞
𝑖=11  = (1-α1)α1

11-1          (22) 

 

nn[5,∞] = 5 + 
𝛼2

1−𝛼2
            (23) 

nn[11,∞] = 11 + 
𝛼1

1−𝛼1
            (24) 
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nw[5,∞] = 
(5−1+ 

1+𝛼2

1−𝛼2
)∗5+

(1+𝛼2)𝛼2

(1−𝛼2)²

5+
𝛼2

1−𝛼2

          (25) 

nw[11,∞] = 
(5−1+ 

1+𝛼1

1−𝛼1
)∗5+

(1+𝛼1)𝛼1

(1−𝛼1)²

5+
𝛼1

1−𝛼1

         (26) 

With α1 the paraffin growth factor and α2 the olefin growth factor. 

 

The lumps are defined as hypothetical compounds in the simulation software. However, a 

hypothetical component needs a constant molecular weight to be properly described which doesn’t 

correspond to the lumps. To represent the changing molecular weight of the lumps, it is the α which 

is changed, since nw depends on α as seen above. Thus, two lumps C5+OL and C5+OH with 

respectively a constant low αL and a constant high αH, are now considered instead of C5+O. The 

same reasoning is applied to C11+P.  

 

4.3. Modeling of the Fischer-Tropsch reactor 

The Fischer-Tropsch reactor is considered as a perfectly mixed reactor (CSTR). Then, the 

temperature and concentrations are assumed uniform. The reactions which take place in the FT 

reactor are highly exothermic. A high temperature fosters the production of lighter hydrocarbons, 

which is not the aim. This entails that the capability to evacuate heat is a major characteristic. 

Hence, a low temperature Fischer-Tropsch reactor is the best option, which leads to choose between 

a fixed bed reactor and a slurry reactor. For maintenance issues, we choose the slurry reactor and 

fixed the cooling temperature at 220°C. The cooling is assured by a U-tube where boiling water at 

220°C goes. Once set the pressure at 20 bars, knowing that a high pressure decreases the price of 

the unit and increases the solubility of gas in the liquid. The FT reactor is modeled in Aspen as a 

CSTR using a ACM model. The main parameters are summarized below. The ACM model does 

not represent the separation between liquid hydrocarbons and the slurry. The FT outlet is composed 

of both vapor and liquid products. An external separator vessel is then added to separate liquid 

hydrocarbons and vapor products. The pressure drop in the reactor is estimated at 1 bar and it is 

simulated by setting ∆P = 1bar in the heat exchanger following the reactor. 
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Parameters (unit) Value Parameters (unit) Value 

T (°C) 220 Phi (mass fraction of 

catalyst in slurry) 

0.2 

P (bar) 19.5 α1 high 0.97 

Specific area of heat 

transfer (m-1) 

40 α1 low 0.7 

ρcat (Kg/m3) 3000 α2 high 0.74 

ρliq (Kg/m3) 700 α1 low 0.6 

Table 10 : Main parameters used in the ACM model 

The CO conversion is fixed at 65% (+/- 0.5), since it gives the maximum C5+ selectivity (25) as 

shows below. 

 

Figure 15 : C5+ selectivity versus CO conversion in the FT reactor 

  To obtain a conversion of 65%, the volume of the CSTR is modified. Indeed, the volume is the 

higher, the higher the CO conversion. 

VCSTR (L) = 
𝐶𝑂𝑖𝑛.𝑋𝐶𝑂

𝑟𝐶𝑂
           (27) 

rco: reaction rate (mol/s.dm3) 

XCO: CO conversion 

Coin : inlet flowrate of CO (mol/s) 



 

Production of hydrocarbons 

48 

 

 When handling, it is noticed that there is a lack of robustness for the ACM model. First, the 

model difficultly reaches convergence for high values of reactor volume. This is due to two 

equations (6) and (8). Indeed, the CO partial pressure stands in the denominator of the FT rate 

which make the FT rate tends to infinity when the conversion is too high.  In the equation (7), it 

is noted that α tends towards 1 for low value of PCO and H2/CO. A α equals to 1 means infinite 

carbon chain (rt=0), which leads to instability. Secondly, the FT results are not reproducible. 

Concretely, the FT outlet results depend on the data history which means on the previous results. 

This is due to the fact that the ACM modeler uses the previous results to converge. Then, the 

results have some imprecision.  

As C5+OL, C5+OH, C11+PL and C11+PH are hypothetical compounds, the heating value are 

unknown. The heating of combustion or low heating value (LHV) is proportional to the carbon 

number as shown on the below figure: 

 

Figure 16 : Heat of combustion of hydrocarbons versus the carbon number 

Using equation (23) and (24) with the appropriate α and the relation between carbon number and 

LHV, the following results are obtained: 

Lumps α Carbon number Heat of combustion 

(Kj/Kmole) 

C5+OL 0.6 6.5 -4,19.106 
C5+OH 0.74 7.846 -5,02.106 
C11+PL 0.7 13.334 -8,40.106 
C11+PH 0.97 43.334 -2,69.107 

Table 11 : determination of lumps LHV 
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5. Biomass-to-Liquid process with recycle 

5.1. Process description 

The FT products are separated thanks to a three phases separator. The heaviest hydrocarbons are 

the interest product. The water byproduct might be reused in the process and the lightest products 

are recycled. Some streams are assigned to a number: 

stream name number 

Gasifier outlet Out GBR (1) 

Water gas shift outlet In E-101 (2) 

Byproducts removed by the 

scrubber 

CO2 and H2S (3) 

Fischer-Tropsch inlet Inlet FT (4) 
 

Table 12: Assigned number for stream identification  

 

 

 

Figure 17 : Process flow diagram with recycle 
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A more detailed description of the flowsheet (including all the streams and the stream cutters) is 

available in appendix C.  

 

5.2. Purge and recycle split 

N2, CH4 and CO2 are the inert in this process. The nitrogen is produced in the gasifier when 

decomposing the biomass and does not react in the process. CH4 and CO2 are “pseudo-inert” since 

they react at some point in the process but they are more produced than consumed which leads to 

their accumulation. They are both produced and consumed in the gasifier but are produces in large 

quantities in the WGS reactor (for CO2) and in the FT reactor (for CH4). Then, a purge is needed. 

The recycling can be carried out on the gasifier or on the FT reactor. The accumulation of inert is 

investigated for different value of the purge split at a fixed recycle split. The recycle split represents 

the fraction of recycled gas (after the purge has occurred) which is recycle into the Fischer-Tropsch. 

Concretely, take 100 Kmol/h of tail gas outgoing from the three phase separator. The first utility 

split is called “the purge utility split”. If 10mol% is purged, 90 Kmol/h of gas remain and the stream 

is named “recycle gas”. The second split utility is the “recycle split utility” and a value of 10mol% 

for the recycle split means that 81 Kmol/h feeds the gasifier and 9 Kmol/h go into the FT reactor.  

 

Figure 18 : Explanatory diagram of the splitting system 

 

The recycle split is fixed at 0.5 to have an equal inlet in the FT reactor and in the gasifier. The 

purge split goes from 0.1 to 0.5. Upper values have not been studied since important purge is not 
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favorable as it represents carbon loss. The gasifier temperature has been maintained at 1200°C and 

CO conversion in the Fischer-Tropsch at 65% (+/- 0.5%). The inert concentration is collected at 

the inlet of the FT reactor. 

 

split 0,1 0,2 0,3 0,4 0,5 

mol% CH4 in FT 0,4 0,3 0,26 0,21 0,17 
mol% CO2 in FT 5,44 5,13 4,9 4,71 4,54 
mol% N2 in FT 0,66 0,35 0,25 0,19 0,16 

mol% total inert 6,5 5,78 5,41 5,11 4,87 
VCSTR (m3) 322 303,5 288 273 261 

O2 inlet (Kg/h) 4,70E+04 4,60E+04 4,54E+04 4,51E+04 4,46E+04 
λ 0,66 0,65 0,64 0,64 0,63 

hydrocarbons 
(kg/h) 1,97E+04 1,87E+04 1,79E+04 1,69E+04 1,62E+04 

Table 13 : Simulation results table of the process included a recycling loop for different purge values at a recycling 

spit of 0.5 

 

As expected, the inert concentration decreases when higher purge occurs. Ranging a purge split 

from 0.1 to 0.5, one purges 25mol% more inert (calculation detail : 100*(1-
4.87

6.5
) = 25%).  More 

purge leads to a smaller FT reactor volume and then to a cheaper one, since less gases are 

introduced. Similarly, less oxygen supply for the gasifier is needed as less gases need to be warm 

up. However, 17.8 mol% of the hydrocarbons production is waived if 50% of tail gas is purged 

instead of 10%. As the aim is to optimize the production, the purge is tried to be minimized in the 

rest of the study. 
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Simulations results are now studied for different recycle split at a fixed purge rate of 20 mol% and 

at two gasifier temperature (1200 °C and 1300 °C). 20% of purge has been chosen for practical 

reason. Indeed, the convergence is more difficult to reach when the purge is small, especially under 

10 mol% (see the discussion about the ACM model robustness in 4.3). The target set in the study 

is to maximize the carbon efficiency and the energy efficiency.  

Ceff (mol%) = 100.
𝐶𝑏𝑖𝑜𝑚𝑎𝑠𝑠−𝐶𝑝𝑢𝑟𝑔𝑒−𝐶𝑠𝑐𝑟𝑢𝑏𝑏𝑒𝑟

𝐶𝑏𝑖𝑜𝑚𝑎𝑠𝑠
      (28) 

Cbiomass, Cpurge and Cscrubber are respectively the molar flow of carbon contained in the biomass 

stream, in the purge and the carbon molar flow evacuated by the scrubber. 

 

Eeff  (%) =100. 
∑ 𝐿𝐻𝑉(𝑖).𝐹(𝑖)

𝐿𝐻𝑉𝑏𝑖𝑜𝑚𝑎𝑠𝑠.𝐹𝑏𝑖𝑜𝑚𝑎𝑠𝑠
          (29) 

LHV(i) : Low heating value of the compound i (KJ/Kgmole) 

F(i) : Molar flow of the compound i (Kmole/h) 

 

The optimal recycle split is then defined by the split which maximize both carbon and energy 

efficiency. It is recalled that higher the split recycle, higher the Fischer-Tropsch inlet. The results 

summarized in Table 14 have been obtained with a CO conversion in the FT reactor fixed at 

65mol%, a specific area fixed at 40 m-1, a gasifier temperature at 1300°C (+/- 5 °C) and a steam-

to-carbon ratio at 1.5. 

 
Figure 19: Energy and carbon efficiency versus recycle split at 20% purge, at TGBR=1300°C and at S/C = 1.5 
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Erling Rytter et al (14) (p 40) reports similar value for Eeff and Ceff originating from existing 

BTL-FT processes, as well as Kreutz et al (1) (p 24) who has simulated a BTL process. 

Regarding the above figure, it is noticed that the carbon efficiency slightly rises with the recycle 

split: it goes from 34% to 35%.  The change in the energy efficiency is a bit stronger and goes 

from 47% to 49.6%. Both efficiencies increase when more tail gas is recycled in the FT reactor. 

The recycle stream is mainly composed of H2, CO and CO2. An important recycle in the FT 

reactor increases the hydrocarbons production since it increases the amount of reagents (H2 and 

CO) and then their partial pressure. Introducing H2 and CO in the gasifier does not improve the 

gasifier performance. On the contrary, H2 and CO are the gasifier products and adding them shift 

the equilibrium towards the consumption of the products. However, recycling in the gasifier has 

the advantage to consume the CO2 byproduct as it is seen in the table 13. It leads to less inerts 

and to more CO produced. 

 

 
Figure 20 : Fischer-Tropsch volume and lambda ratio versus recycle split at 20% purge, at TGBR = 1300°C and at 

S/C= 1.5 

 

To maintain the gasifier temperature at 1300°C, the oxygen inlet shall be increased when more 

gases are recycled into the gasifier reactor as the recycle stream temperature is at 40°C. The 

lambda moves then away from its optimal λ value (see 3.5 and 5.5) thus decreasing the gasifier 

performance. One of the advantage to recycle in the gasifier is that the CO2 and the steam 

contained in the recycle stream are largely diminished since a part react in the gasifier and the 
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rest is eliminated by the dryer and the scrubber. Hence, less non-reagents enter in the FT reactor 

which make drops the volumetric flow, thus decreasing the FT volume and then the vessel cost. 

 

Figure 21 : : Inerts content of FT inlet (mol%) and percentage of heavy hydrocarbons produced versus recycle split 

at 20% purge, at TGBR = 1300°C and at S/C = 1.5 

 

As said previously, the “semi-inerts” (CH4 and CO2) react in the gasifier but not in the Fischer-

Tropsch reactor which explains the important rise of inert content (double between split=0.1 and 

split=0.9) with high recycling split values. The quality of the production is also considered. To 

get an idea of the hydrocarbons composition, the wt% of heavy hydrocarbons is determined. 

Heavy hydrocarbons term assigns here C11+PH*, C11+PL*, C5+OH* and decane. It is noticed that 

less heavy compounds are produced when more gas is recycled into the Fischer-Tropsch.  
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recycle 
split 

Products 
(Kgmole/h) %CO2 %CH4 %N2 

Sum 
inerts 

ERV CO 
conversion λ 

V FT 
(m3) 

%wt heavy 
products % Eeff % Ceff 

0,1 1,69E+04 4,08 0,04 0,39 4,51 27,11 0,76 273 96,54 47,34 34,02 

0,2 1,69E+04 4,45 0,09 0,39 4,93 27,78 0,76 274 96,43 47,34 33,98 

0,3 1,69E+04 4,77 0,16 0,38 5,31 27,85 0,75 275 96,31 47,35 34,00 

0,4 1,71E+04 5,27 0,23 0,38 5,88 28,22 0,74 277 96,20 47,77 34,28 

0,5 1,73E+04 5,77 0,33 0,37 58,4 27,82 0,73 282 96,02 48,35 34,59 

0,6 1,74E+04 6,52 0,44 0,37 7,33 28,07 0,72 287 95,91 48,66 34,67 

0,7 1,74E+04 7,46 0,6 0,36 8,42 28,38 0,71 290 95,71 48,64 34,84 

0,8 1,76E+04 8,77 0,79 0,36 9,92 28,34 0,70 299 95,60 49,12 34,94 

0,9 1,78E+04 10,76 1,08 0,35 12,19 28,2 0,69 310 95,46 49,65 35,14 

Table 14 : Investigation of the recycle split for a 20% purge at TGBR = 1300°C and at S/C= 1.5 

The same experiment has been made for a gasifier temperature TGBR=1200°C to see if it has an 

important impact on the efficiencies. 

 

 
Figure 22 : Carbon and energy efficiency versus recycle split at 20% purge, at TGBR = 1200°C and S/C = 1.5 

 

The gasifier temperature seems to have an important impact on the efficiencies of the plant. 

Indeed, Eeff and Ceff are 2 points higher at TGBR=1200°C than at 1300°C for each value of the 
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recycle 
split 

products 
(Kgmole/h) %CO2 %CH4 %N2 Sum inerts % 

CO 
conversion 
in WGS % λ 

V FT 
(m3) 

Eeff 
% Ceff % 

0,1 17700 3,73 0,05 0,37 4,15 23.25 0,71 284 49,59 35,57 

0,2 17900 4,07 0,1 0,37 4,54 23.61 0,7 289 50,25 35,94 

0,3 18100 4,37 0,16 0,36 4,89 23.38 0,69 292,5 50,55 36,08 

0,4 18100 4,83 0,24 0,36 5,43 23.9 0,69 292 50,7 36,27 

0,5 18300 5,3 0,32 0,35 5,97 23.61 0,67 299 51,17 36,53 

0,6 18300 6,03 0,45 0,35 6,83 24.3 0,67 299 51,06 36,44 

0,7 18500 6,89 0,6 0,35 7,84 23.99 0,66 305,5 51,67 36,81 

0,8 18600 8,17 0,79 0,34 9,3 24.04 0,65 314 52,09 36,98 
Table 15 : Investigation of the recycle split for a 20% purge at TGBR = 1200°C and at S/C= 1.5 

 

The results at 1200°C are similar to those obtain at 1300°C. It is noticed that the hydrocarbons 

production is more significant at 1200°C which is consistent with the highest value of Eeff and 

Ceff. The influence of the gasifier temperature on the process performances is studied in the next 

subsection. 

Higher recycle split leads to higher efficiencies but also to higher FT volume. The increase of the 

FT volume is all the more important as the recycle split is large, especially for split higher than 

0.8. A recycle split of 0.9 is selected for the moment. 

 

5.3. Gasifier temperature 

The influence of the gasifier temperature on the process performances is here investigated. The 

results are obtained for 20% purge, a recycle split of 0.9 and a S/C ratio of 1.5. The gasifier 

temperature is adjusted by changing the oxygen concentration. It is seen that the carbon 

efficiency and the energy efficiency decrease when the temperature of the gasifier increases as 

shown in the below figure.  
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Figure 23 :  Energy and carbon efficiencies versus the gasifier temperature at 20% purge, S/C =1.5 and recycle split 

= 0.9 

 

This decline is explained by the  
H2

CO
 ratio at the outlet of the gasifier which decreases when more 

oxygen is added. Indeed, a decrease of the ratio leads to more converted CO in the WGS reactor 

which means more CO2 produced (see next figure). The process has a total inlet carbon flow of 

3.59 103 Kmole Carbons/h. At 1000 °C, 282.79 Kmole/h of CO are converted into CO2 in the 

Water Gas Shift reactor. Thus, 282.76 Kmole/h of carbons are lost by producing the byproduct 

CO2 which represents 7.88% of carbon loss. For 400 more degrees, a total of 691.19 Kmole/h of 

CO are shifted, which generates a carbon loss of 19.27%.  
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Figure 24 : Percentage of the carbon loss in the WGS and of the H2/CO ratio versus the gasifier temperature at 20% 

purge, S/C =1.5 and recycle split = 0.9 

 

Higher gasifier temperature implies higher oxygen content which explains why the carbon 

capture of the process decreases. However, a high temperature enables the entrained flow gasifier 

to be prevented from tars. Qin et al. (26) has proved that above 1350°C, a tar free gasification can 

be obtained. For the rest of the study, we choose to use a temperature of 1300°C and we assume 

no tar production. As the temperature is closed to 1350°C, the assumption of no tar formation is 

acceptable.  

 

Tgasifier (°C) 1000 1098 1200 1299 1400 

λ 0,55 0,60 0,65 0,70 0,74 

V CSTR (m3) 334,5 327 314 300,1 298,5 

%molCO2 out gasifier 14,26 13,71 13,37 13,23 13,32 

H2/CO GBR 1,63 1,45 1,30 1,18 1,07 

% Co conversion WGS 13,24 18,99 24,00 27,99 30,81 

Carbon loss in ERV % 7,88 11,65 14,99 17,60 19,27 

Ceff % 39,88 38,56 36,87 35,20 33,87 

Eeff % 56,37 54,45 51,98 49,51 47,60 

Syngas (Kmole/h)  5,61E+03 5,38E+03 5,14E+03 4,91E+03 4,65E+03 
Table 16 : Simulation results for different gasifier temperature at 20% purge, S/C=1.5 and recycle split=0.9 
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The ratio called “H2/CO GBR” stands for the ratio at the gasifier outlet. The H2/CO at the FT 

inlet is always fix at 1.98 by adjusting the steam in the WGS reactor. 

 

5.4. Influence of lambda 

Now that the recycling loop has been introduced, the influence of the quantity of O2 introduced in 

the gasifier on the process is studied. The recycle split is fixed at 0.9, the purge at 20% and the 

CO conversion in the FT reactor at 65%. The λ parameter is ranged from 0.3 to 0.9 for two value 

of the steam-to-carbon ration, S/C = 1.5 and S/C = 0.5.  

 

 

Figure 25 : Efficiencies versus lambda at 20% pure, a recycle split at 0.9, for S/C = 1.5 (upper figure) and S/C = 0.5 

(lower figure) 
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The values of the efficiencies are similar for the two values of S/C but higher values are noticed 

for S/C = 0.5. It is due to the fact that less water needs to be warm up at S/C = 0.5 and then, for a 

same λ, the gasifier temperature is higher for S/C=0.5 than for S/C = 1.5. It is recalled that a high 

temperature in the gasifier favors the syngas production (see 3.3). The maximum value for the 

efficiencies are obtained at an optimum λ: λoptimal = 0.57 at S/C= 1.5 and λoptimal = 0.6 at S/C= 0.5 

for both Eeff and Ceff. In 3.5, the optimal λ was also found at 0.57  for S/C = 0.2 anf for S/C = 1.5. 

The optimum lambda seems to be constant with the S/C ratio and the volumetric inlet flow 

(recycle). It is pointed that the actual S/C is slightly different since some water is introduced into 

the gasifier by the recycling loop. Because of time constraint, the experiment has not been 

redone. It is thought that the optimal lambda is around 0.59. 

λ O2 inlet (kg/h) V CSTR 
T GBR 

(°C) Eeff% Ceff% 
carbon loss 

in ERV 
H2/CO 
GBR 

syngas 
(Kmole/h) 

0,34 2,12E+04 378,1 722,9 40,68 28,41 -7,19 2,73 4,08E+03 

0,45 2,83E+04 370,1 789 52,04 36,59 -3,74 2,28 5,19E+03 

0,57 3,54E+04 348,8 903,8 57,89 40,87 3,04 1,86 5,75E+03 

0,68 4,24E+04 325,9 1100 54,32 38,48 19,17 1,44 5,38E+03 

0,79 4,95E+04 300,4 1307 49,34 35,08 17,74 1,17 4,89E+03 

0,91 5,66E+04 273,8 1507 44,32 31,68 21,29 0,98 4,40E+03 

Trend line for the energy 
efficiency 

y = -8227,7x5 + 26340x4 - 32529x3 + 19116x2 - 5256,3x + 581,86   
R²=1 

Trend line for the carbon 
efficiency 

y = -5821,8x5 + 18642x4 - 23027x3 + 13534x2 - 3720,9x + 411,29 

R²=1 

Table 17 : Simulation results for different lambda at S/C= 1.5, purge at 20% and recycle split at 0.9 
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λ 
O2 inlet 
(Kg/h) 

V 
CSTR 

T GBR 
(°C) Eeff% Ceff% 

carbon loss 
in ERV 

H2/CO 
GBR 

syngas 
(Kmole/h) 

0,34 2,12E+04 358 739,5 31,97 22,34 12,89 1,11 3,23E+03 

0,45 2,83E+04 364 808,2 44,89 31,53 17,83 1,11 4,49E+03 

0,57 3,54E+04 348,5 912,3 55,53 39,22 23,30 1,07 5,52E+03 

0,68 4,24E+04 325,5 1179 54,27 38,46 30,40 0,87 5,38E+03 

0,79 4,95E+04 299,5 1489 49,34 35,09 34,76 0,77 4,89E+03 

0,91 5,66E+04 274 1776 44,34 31,72 36,46 0,59 4,40E+03 

Trend line for the energy efficiency 
y = -9939,2x5 + 32681x4 - 41615x3 + 25344x2 - 7260,8x + 814,9/R²=1 

Trend line for the carbon efficiency 

y = -7114,1x5 + 23400x4 - 29811x3 + 18168x2 - 5209,9x + 584,76 

/R²=1 

Table 18 : Simulation results for different lambda at S/C= 0.5, purge at 20% and recycle split at 0.9 

 

One of the main source of carbon loss is the necessity to have a high H2/CO value at the FT inlet. 

This require the conversion of CO in the Water-gas-shift reactor. The carbon loss generates by 

the WGS reaction is designated by “carbon loss in ERV” and is defined by the below equation: 

Closs in ERV (%) = 100. 
𝐹𝐶𝑂 𝑐𝑜𝑛𝑣𝑒𝑟𝑡𝑒𝑑 𝑖𝑛 𝐶𝑂2

𝐹𝑐𝑎𝑟𝑏𝑜𝑛 𝑖𝑛 𝑏𝑖𝑜𝑚𝑎𝑠𝑠
        (30) 

Fcarbon in biomass : Molar flow of carbon contained in the biomass inlet (Kmole/h) 

FCO : Molar flow of CO (Kmol/h) 

 

In Table 17, negative value of the carbon loss in the WGS reactor is noticed. It is because the 

partial pressure of hydrogen is high enough to reverse the water-gas-shift reaction to produce CO 

instead of H2. As expected, the methane disappears for high lambda since it is oxidized. On the 

contrary, CO2 is more produced when the oxygen content increases. 

λ 0,34 0,45 0,57 0,68 0,79 0,91 

% CH4 46,68 25,48 0,85 0,79 0,78 0,75 

%CO2 5,92 6,22 7,55 8,8 10,27 11,98 
Table 19 : Inert concentration in the gasifier for different lambda at S/C= 0.5, purge at 20% and recycle split at 0.9 
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5.5. Influence of the steam-to-carbon ratio at constant temperature for the gasifier 

The temperature of the gasifier is set at 1300°C. The purge is still at 20% and the recycle split at 

0.9. The ratio S/C is changed by changing the water inlet in the gasifier. As highlights in the 

previous subsection, the S/C does not take into account the steam from the recycle stream but 

only the steam supply. 

 

  Figure 26 : Efficiencies of the BTL process for different S/C ratio at TGBR = 1300°C, purge at 20% and recycle 

split at 0.9 

 

Figure 27 : Carbon loss occurring in the WGS reactor and CO2 concentration at the FT inlet for different S/C ratio 

at TGBR = 1300°C, purge at 20% and recycle split at 0.9 
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The efficiencies decrease when the S/C increases. For S/C = 0.1, maximum values are obtained: 

Eeff = 53.4%, Ceff = 37.8% and drop at Eeff = 49.2% and Ceff = 35% at S/C = 1.6. Steam makes 

decrease the syngas production as shown in the below table. As explain in 3.7, if more steam is 

added into the gasifier, more oxygen is needed to maintain the temperature at 1300°C and it is the 

oxygen contain which governs the syngas production variation. Concretely, oxygen oxidizes CO 

and H2. However, more steam makes increase the H2/CO ratio which prevent the loss carbon in 

the WGS reactor. For S/C = 0.1, 41.7% of the carbon supply is converted to adjust the H2/CO 

ratio. The carbon loss is reduced to only 16.5% at S/C = 1.6. Although the carbon loss is 

improved by adding water in the gasifier reactor, the carbon efficiency is not enhanced since H2O 

and O2 are oxidizer, thus favoring the production of CO2 to the detriment of CO.  

S/C  

steam 
inlet 

(Kgmol/h) λ 

VCSTR 
(m3) Eeff% Ceff% 

loss 
carbon 
in WGS 

% 
H2/CO 

out GBR 
syngas 

(Kgmol/h) 
%CH4 
in FT 

%CO2 in 
FT 

0,1 3,59E+02 0,62 319,20 53,35 37,85 41,71 0,63 5,29E+03 0,83 7,76 

0,2 7,18E+02 0,62 317,00 53,01 37,62 39,17 0,67 5,27E+03 0,83 7,82 

0,4 1,44E+03 0,63 316,00 52,63 37,35 34,50 0,76 5,22E+03 0,81 7,96 

0,6 2,15E+03 0,64 314,80 52,21 37,04 30,51 0,84 5,16E+03 0,8 8,09 

1 3,59E+03 0,67 308,10 51,00 36,20 23,95 1,00 5,06E+03 0,8 8,35 

1,4 5,02E+03 0,69 303,00 49,95 35,49 18,73 1,14 4,93E+03 0,78 8,71 

1,6 5,74E+03 0,70 298,60 49,17 34,97 16,52 1,21 4,88E+03 0,79 8,84 
Table 20 : Simulation results for different S/C at Tgasifier = 1300°C, purge at 20% and recycle ratio at 0.9 
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5.6. Determination of the base case 

The aim of the study is to maximize the energy efficiency and to minimize the carbon loss which 

means that the maximum of carbon from the biomass has to be transferred to the products. The 

wastage of the carbon elements occurs when carbon leaves the process, that means in the purge 

and in the acid gas removal unit which removes the byproducts.  

 
Figure 28 : Simplified diagram of the BTL process 

 

The carbon leaves in the form of CO2, CH4 and light hydrocarbons. To optimize the process, the 

generation of methane and CO2 shall be minimized. They are both produced during gasification, 

the CO2 is also produced in the WGS reactor and CH4 in the FT reactor. Then, three options can 

be exploited to fulfill the aim:  

- Reduce as much as possible the purge 

- Maximize the CO production in the gasifier 

- Maximize the value of the H2/CO ratio at the gasifier outlet 

The two last points shall be optimized in parallel since an increase of the ratio leads to the 

decrease of the CO flowrate. According to the previous results, it is preferable to optimize the CO 

production than the ratio by adding few steam. It had then been decided to not add any extra 

water in the gasifier which means that the only supply of water comes from the recycling loop. 

The recycle split and the purge split are now modified to find the optimal configuration. The 

recycle split is ranged from 0.5 to 1 and the purge split from 0.17 to 0.10. The results have here 

been obtained using a specific area of 100 m-1 in the FT reactor. Even the specific area is not 
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equal to 40 m-1 as previously, the following results still allow one to find the optimal 

configuration. 

 
Figure 29 : Carbon efficiency versus recycle split for different purge value at S/C=0 and TGBR=1300°C 

 
Figure 30 : Energy efficiency versus recycle split for different purge value at S/C = 0 and TGBR= 1300°C 
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Figure 31 : Fischer-Tropsch volume versus recycle split for different purge value at S/C = 0 and TGBR = 1300°C 

Lower the purge is, better are the efficiencies. A different of around 2% is noticed for the 

efficiencies values between the case at purge split = 0.17 and purge split = 0.10. However, below 

0.10, the simulation does not converge anymore for some values of recycle split (1 and 0.5) and 

converge with difficulty for the others. For all purge value, the efficiencies increase with the 

recycle split until 0.9. Above this value, the efficiencies decrease or are stable. In parallel, the FT 

volume increases when more gas is recycled in it which makes rise the shell cost. The increase of 

the volume is not linear; the volume increase is all the more important as the recycle split is high. 

Then, having a split above 0.9 does not offer a benefit as the efficiencies does not increase but the 

shell cost does. The recycle split is then set at 0.9 and the purge at 0.11. Kreutz et al (1) (p 28) 

also recycle 90% of the tail gas into the Fischer-Tropsch and have a small purge to avoid the 

buildup of inert.  
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The results of the base case obtained from the workbook are presented in appendix E. The 

specific area in the Fischer-Tropsch was set again at 40 m-1 and the ACM model has been cleared 

and initialized again to get rid of all the previous information which could influence the results. 

The main data are given in the below table: 

λ 0,69 CO2 purge (kg/h) 1,13E+02 

VCSTR (m3) 352,00 CO2 tot (Kg/h) 8,24E+04 

% Eeff 56,55 actual S/C 1,51E-04 

% Ceff 40,23 Mass density (kg/m3) 691,10 

% carbon loss WGS  44,52 SG 0,69 

H2/CO 0,57 API 73,1543561 

syngas (Kgmol/h) 1,34E+05 price $/h 8,37E+03 
products (kg/h) 2,03E+04 Price $/year 6,70E+07 

Products (bbl/d) 4.257E+03 %CH4 in FT 1,68 
CO2 removal (kg/h) 8,23E+04 %CO2 in FT 12,32 

  % inerts 14,54 
    

Table 21 : main data of the base case (purge ratio = 0.11 and recycle split = 0.9) 

 “CO2 removal” and “CO2 purge” represent respectively the CO2 disposed by the acid gas 

removal unit and by the purge. “%inerts” and “%compound in FT” are taken at the inlet of the FT 

reactor. Table results are available in appendix G. 

CO2 formation is the main cause of carbon loss. 8.24.104 Kg/h of CO2 leave the system i.e. 

1.87.103 Kmole of carbon/h. Dividing by the inlet carbon stream of 3.59.103 Kmole of Carbon/h, 

it is shown that 52.2 % of the inlet carbon are evacuated in the form of CO2. The 8 last percent of 

carbon loss are caused by the elimination of CH4, CO and light hydrocarbons in the purge. 
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6. Investigation of a hybrid hydrogen-carbon process 

6.1. Concept of the hybrid hydrogen-carbon process 

The main limitation of the BTL process is the low energetic density of the biomass, requiring 

high quantity of biomass to produce hydrocarbons. The Agrawal’s article (5) highlights the fact 

that the proposed BTL process has serious limitation and can only partly contribute to the energy 

transition. Indeed, the article estimates that 58% of the total United States land area should be 

dedicated to biomass cultivation in order to support the total oil consumption in the United States 

(13.8 Mbbl/d). The annual available amount of biomass is estimated to 1.366 billion tons which 

can theoretically satisfy around 30% of the oil consumption in the USA. To improve those 

number, some articles like (5) propose to add hydrogen to the system. The biomass is then seen 

as a source of carbon and the hydrogen as the energy source. Hydrogen would be produced by a 

carbon-free energy source such as nuclear, solar or wind power to keep a global CO2 balance 

close to zero. Hydrogen supply enables the process to transfer every carbon atom from the 

biomass to the products. Thus, no CO2 can be emitted, no CO2 removal system is required and 

less biomass is needed to produce the same quantity of biofuel. The addition of hydrogen would 

save 60% of the biomass thereby reducing the land area required close to 6.2% of the total United 

Sates territory.  
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6.2. Supply of hydrogen in the Water-gas-shift reactor case 1 

Experiments with a hydrogen supply into the WGS reactor have been realized with Aspen 

properties. It is assumed that an unlimited quantity of hydrogen is available. The hydrogen supply 

is assumed to be at 1 atm and 25°C. Isothermal compression is simulated to bring hydrogen to 

19.75 bar and to 800°C. 

 

Figure 32 : Process flow diagram for the hybrid hydrogen-carbon process 

 It has been chosen to not warm up to higher temperature the hydrogen supply since it would lead 

to the purchase of a third high temperature exchanger. Two high temperature exchangers are 

already needed to warm up the oxygen supply to 1300°C and to cool down the syngas to 1000°C 

before it enters into the Water-gas shift reactor. High temperature heat exchangers are more 

expensive that traditional heat exchanger since they require exotic materials. An isothermal 

compression was simulated to compress hydrogen the supply. The 3 compressors have a pressure 

ratio of 2.7. 
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Figure 33 : Isothermal compression of hydrogen 

 

Additional hydrogen enables one to fix the H2/CO ratio without consuming the CO reagent. 

Moreover, hydrogen in the WGS reactor is used to react with CO2 to convert it in CO by 

following the reverse water-gas-shift reaction. Then, less carbon loss occurs and more reagent 

enter into the FT reactor which leads to more hydrocarbons. 

CO2 + H2 = CO + H2O  ∆Hr = 41 KJ/mol      (31) 

 

The reaction is endothermic and then high temperature is beneficial for the conversion.  

T WGS (°C) 800 900 1000 1100 1300 

hydrocarbons (Kg/h) 3,82E+04 3,90E+04 3,97E+04 4,05E+04 4,09E+04 

H2 supply (Kg/h) 4,81E+03 5,06E+03 1,06E+04 1,09E+04 1,12E+04 

CO produced (Kgmole/h) 1,91E+01 9,88E+01 1,63E+02 2,09E+02 2,61E+02 
Table 22 : influencie of the WGS reactor temperature on the reverse water gas shift reaction equilibrium 

 

The equilibrium is shifted when the temperature increases which leads to more hydrocarbons and 

to a high consumption of the greenhouse gas CO2. However, above 1000°C, few example of 

available technologies have been found. The department of Chemical and Petroleum in Pittsburg 

(27) presents results obtained from a range temperature of 1148-1198 °K. A second article 

written by the same authors (27) presents the temperature used by different study using Quartz 

reactors. Without taking into account the study of Karim and Mohindra (1974) which has created 

disagreement within the scientific community, the highest proposed temperature for a WGS 

reactor is 1323 °K. Most of the studies submit WGS reactor using a temperature around 1000°C, 

which is the selected temperature here.  
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The addition of hydrogen has to be taken into account in the energy efficiency calculation. The 

new Eeff is called the “modified energy efficiency”: 

Eeff mod (%) = 
𝐿𝐻𝑉 𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠 (

𝐾𝐽

ℎ
)

𝐿𝐻𝑉 𝑏𝑖𝑜𝑚𝑎𝑠𝑠 (
𝐾𝐽

ℎ
)+ 𝐿𝐻𝑉 𝐻2 (

𝐾𝐽

ℎ
)
         (32) 

 

The following results are obtained keeping the same parameters used in the base case: Tgasifier = 

1300°C, S/C = 0, recycle split = 0.9, sp area = 40m-1, COconv in FT reactor = 65%. However, the 

reverse water-gas-shift reaction occurs in the WGSR and the operating temperature is 1000°C 

(+/- 5°C) and the purge ratio has been raised to 20% due to convergence issues. 

purge 0,2 %Ceff 78,26 

recycle split 0,9 λ 0,69 

actual S/C 1,77E-04 products (Kg/h) 3,97E+04 

TWGS (°C) 1002 Mass density (Kg/m3) 752,50 

H2 supply (Kg/h) 1,06E+04 SG 0,75 

CO2 conv % 37,01 API ° 56,58 

CO produced WGS 
(Kgmol/h) 

164,88 price $/h 1,62E+04 

Vcstr (m3) 596,50 Price $/year 1,30E+08 

%CO2 FT 0,69 CO2 removal (Kg/h) 1,12E+04 

%CH4 FT 1,22 CO2 purge (Kg/h) 8,78E+02 

% inerts FT 2,08 CO2 tot (Kg/h) 1,21E+04 

%Eeff mod 60,24   

Table 23 : Simulation result for the case 1 

 

Adding H2 greatly improves the yield. The production of hydrocarbons double, increasing from 

20 tonnes for the base case to 40 tonnes, thus doubling also the income from the production. The 

carbon efficiency is consistent with the rise of the production and almost double going from 

40.23% for the base case to 78.26%. However, it is noticed that an important amount of hydrogen 

is needed: 10 tonnes. This must impose substantial economic costs. Energetically speaking, the 

addition of hydrogen is worthwhile since Eeff mod is almost 5 points higher than the Eeff of the base 

case. 
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6.3. Valuation of the purge by heating oxygen stream case 2 and case 3 

The purge is composed of 57.9 mol% of H2 and 31.6 mol% of CO for the case 1 which is a good 

fuel for burning. Besides, CO is an air pollutant, toxic by inhalation and a greenhouse gas and 

then should not be vented. Therefore, burning the purge gives the advantage to get rid of CO and 

to supply heat usable for the heat integration. The burner is simulated with an adiabatic Gibbs 

reactor supplied with air at 25°C. The inlet flowrate of air giving the maximum outlet 

temperature is determined by a case study. A maximum outlet temperature of 2157 °C is obtained 

for a molar flow of 3500 Kgmole/h.  

 
Figure 34 : case study of the purge burning case 1 

 

However, not all CO is consumed and a significant quantity still remain after the burning. 

Emission limit of 100 mg/m3 is here considered (28) and the supply of air is determined 

according to this criterion. The requirement is fulfilled for 5870 Kmole/h of air as 97.2 mg/m3 of 

CO is released. The heat generated is evaluated by considering the outlet gas as a hot stream. The 

maximum recoverable heat is estimated by assuming that the gas can be cooled down to 100°C.  
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Figure 35 : Simulation of the purge burning case 1 

80% of efficiency is assumed for the combustion which gives an available energy of 2.98.108 

KJ/h. 

The heat from the purge burning is used to warm up the oxygen inlet of the gasifier. The inlet is 

warm up at 1350°C (case 2) and at 1600°C (case 3) for different S/C values. The S/C ratio is 

studied here again, because steam makes increase the H2/CO ratio which reduces the expensive 

needed amount of the hydrogen supply. Previously, adding water was not beneficial because it 

leaded to more oxygen in order to maintain the gasifier temperature. By preheating the inlet 

stream, one is liberated from this obligation. By comparing with the case 1, Eeff mod increases by 

2%-points whereas Ceff is stable. The energy efficiency rises because of 2 effects: The production 

is higher (1%) and the supply of hydrogen in the WGSR is smaller (1%) when oxygen is 

preheated. This is due to the fact that less oxygen is introduced in the gasifier. Indeed, λ goes 

from 0.69 (base case) to 0.66-0.65. As λ is closer to the optimum (0.57 see subsection 5.4), the 

production is increased. Besides, small λ improves the H2/CO value, then less hydrogen is 

needed.  
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Figure 36 : Carbon efficiency versus S/C for case 2 and case 3 

 

Figure 37 : Energy efficiency versus S/C for case 2 and case 3 

Introducing steam makes drop the efficiencies for the same reasons than given before: more 

oxygen is needed to keep the gasifier temperature even if the oxygen is pre warmed and H2O and 

O2 oxidize the syngas (CO and H2). Moreover, the ratio H2/CO at the gasifier outlet is improved 

when steam is introduced. Less H2 needs to be added to adjust the ratio which is a saving but it 

also means that less CO2 is converted into CO in the WGSR. Indeed, equilibrium is assumed in 

the WGS reactor and then, the presence of steam shifts the reaction towards the opposite 

direction. It is what happened for the case 3 for S/C=2, CO2 was produced and not consumed. To 

avoid that, the results for S/C=2 at TO2=1600°C are given for a higher WGS temperature: 
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1100°C. Additional steam in the gasifier leads to less hydrocarbons produced, a lower carbon 

capture and so, lower efficiencies. Heating the oxygen at 1600°C instead of 1300°C does not 

show a high benefit, especially if we consider the price of ceramic heat exchanger needed to 

process stream in this range of temperature. The cost of hydrogen and the price of hydrocarbons 

are now discussed. 

 
Figure 38 : Cost of hydrogen supply and price of the products in function of S/C ratio at TO2 = 1600°C 

 

The slopes change for the last point (S/C=2) since the temperature of the WGSR has been 

changed to avoid the CO2 production in the WGSR. The cost of the hydrogen supply decreases as 

expected and draws near the price of the production but stays above. Although the economic 

aspect is improved, adding water moves one away from the main aim of a hybrid carbon-

hydrogen process which is to produce fuel without releasing CO2.  
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S/C 0 0,5 1,5 

actual S/C 1,82E-04 5,00E-01 1,50E+00 

λ 0,66 0,69 0,75 

H2 supply (Kg/h) 1,05E+04 8,46E+03 4,56E+03 

CO2 conv % 35,34 22,98 3,95 

CO produced WGS (Kgmol/h) 139,23 188,78 56,17 

VCSTR (m3) 601,00 604,50 587,40 

%CO2 in FT 0,62 1,57 3,46 

%CH4 in FT 1,31 1,10 0,78 

%Ceff 78,50 69,60 52,31 

%Eeff mod  62,15 60,60 55,87 

Products (Kg/h) 4,02E+04 3,57E+04 2,69E+04 

Density (Kg/m3) 752,40 755,00 761,80 

API ° 56,48 55,83 54,16 

Price products $/h 1,66E+04 1,48E+04 1,12E+04 

Price hydrogen $/h 4,20E+04 3,38E+04 1,82E+04 
Table 24 : Simulation results with additional hydrogen in the WGSR and heating of the oxygen supply at 1350°C 

(case 2) for different S/C  

 

S/C 0 0,5 1,5 2 

actual S/C 1,85E-04 5,00E-01 1,50E+00 2,00E+00 
H2 supply (Kg/h) 1,05E+04 8,41E+03 4,51E+03 3,62E+03 

CO2 conv % 34,98 22,53 3,61 4,49 
CO produced WGS (Kgmol/h) 130,58 181,36 50,74 73,25 

VCSTR (m3) 602,10 604,00 595,00 599,40 
%CO2 in FT 0,59 1,54 3,45 3,79 
%CH4 in FT 1,33 1,12 0,76 0,66 

Ceff 78,59 69,81 5,82 47,63 
Eeff mod % 62,32 60,81 56,61 54,07 

λ 0,65 0,68 0,74 13,44 
Products (kg/h) 4,02E+04 3,58E+04 2,72E+04 2,46E+04 
Density (Kg/m3) 752,30 754,70 762,30 766,50 

API ° 56,51 55,91 54,04 53,02 
Price products $/h 1,67E+04 1,48E+04 1,13E+04 1,02E+04 
Price hydrogen $/h 4,19E+04 3,36E+04 1,80E+04 1,45E+04 

Table 25 : Simulation results with additional hydrogen in the WGSR and heating of the oxygen supply at 1600°C 

(case 3) for different S/C 

 

 

 



 

Investigation of a hybrid hydrogen-carbon process 

77 

 

6.4. Valuation of the purge by heating oxygen and biomass streams case 4 

The heat obtained from the burner is now used to warm up the oxygen inlet to 1600°C and the 

biomass to 100°C. The temperature of the WGSR is kept around 1100°C (+/- 30°C) and the 

results are given for different S/C ratio. 

S/C 0 0,5 1,5 2 

actual S/C 1,87E-04 5,00E-01 1,68E+00 2,00E+00 
H2 supply (Kg/h) 1,04E+04 8,39E+03 5,07E+03 3,53E+03 
% CO2 conv WGS 30,89 22,61 9,77 3,89 

CO produced WGS (Kgmol/h) 103,49 173,58 133,90 62,12 
VCSTR (m3) 602,20 607,80 606,60 605,90 

%CO2 in FT 0,55 1,45 3,01 3,73 
%CH4 in FT 1,35 1,14 0,82 0,66 

Ceff 78,77 70,37 55,22 48,19 
Eeff mod % 62,74 61,45 57,41 54,90 

λ 0,62 0,65 0,71 0,75 
Products (kg/h) 4,03E+04 3,61E+04 2,85E+04 2,49E+04 
Density (Kg/m3) 752,30 754,70 761,30 766,90 

API ° 56,51 55,91 54,28 52,93 
CO2 removal (kg/h) 9,17E+03 2,35E+04 4,89E+04 6,06E+04 
CO2 in purge (kg/h) 7,18E+02 1,85E+03 3,86E+03 4,79E+03 

Tot CO2 disposal (Kg/h) 9,89E+03 2,54E+04 5,27E+04 6,54E+04 
Price products ($/h) 1,67E+04 1,50E+04 1,18E+04 1,03E+04 
Price hydrogen ($/h) 4,14E+04 3,36E+04 2,03E+04 1,41E+04 

Table 26 : Simulation results for different S/C ratio at TO2=1600°C and Tbiomass=100°C 

 

As previously, the best results are obtained for S/C= 0. The amount of disposed CO2 has been 

collected and it is noticed that it increases considerably with high value of S/C. Heating the 

biomass improves slightly the performance. By comparing with the case 3, Ceff in between 0.2-

0.5 percentage-points better in case 4 and Eeff mod is between 0.4-0.8 percentage-points higher. 

The amount of products and of hydrogen is similar between the two cases. 

The workbook for case 4 is given appendix F. Results been obtained using the following 

parameters: Tbiomass = 100°C, Toxygen = 1600°C, TWGS = 993°C, S/C= 0, COconv = 65.1%, recycle 

split = 0.9 and purge = 0.2.  
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λ 0,62 CO2 removal (kg/h) 8,775E+03 

VCSTR (m3) 603,9 CO2 purge (kg/h) 6,97E+02 

% Eeff 63.09 CO2 tot (Kg/h) 9,472E+03 

% Ceff 79.4 actual S/C 1,81E-04 

% carbon loss WGS  44,52 %CH4 in FT 1,34 

H2/CO 0,6405 %CO2 in FT 0,54 

syngas (Kg/h) 1,277E+05 % inerts 2,05 

products (kg/h) 4,06E+04 
Products price $/year 1,35E+08 

Products (bbl/d) 8,515E+03 
Hydrogen cost $/year 3,33E+08 

Table 27: main data of the case 4 (purge ratio = 0.2 and recycle split = 0.9) 

 

Considering the limitation of CO exhausted, it is found that 1.706.105 Kg/h of air shall be 

introduced in the burner in this case. It is recalled that the maximum heat flow available from the 

burning is obtained considering 80% efficiency for the unit and considering that the outlet is 

cooled down to 100°C. 

 Burner 80% 

efficency 

HX for O2 stream HX for Biomass stream 

Heat flow (KJ/h) 2.93E+08 6,176E+07 2.613E+07 
Table 28 : Heat flow for case 4 

Both biomass and oxygen streams can be heated up by the heat generated by the burner. 

 

6.5. Discussion of the optimal configuration 

The case 4 presents the highest yields. The biomass and the oxygen inlets are respectively warm 

up at 100°C and 1600°C which enables one to reduce the oxygen content in the gasifier. 

However, the oxygen supply does not decrease significantly in the case 4 in comparison with the 

base case. It is due to the fact that the recycle flowrate entering in the gasifier doubles when using 

hydrogen in the process. As the recycle stream is around 36°C, the more recycle gas, the more 

oxygen one needs to add in order to maintain the gasifier temperature at 1300°C. The main issue 

is that the gasification performances drop if one has oxygen and water in the gasifier. In other 

words, it is because oxygen is present in the gasifier that the efficiencies diminish when water is 

added. The consequence is no steam supply in the gasifier which leads to a really low H2/CO at 
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the gasifier outlet. High amount of hydrogen is then supplied to adjust the H2/CO ratio. Indeed, 

10 tons per hour of hydrogen has to be introduced in the WGS reactor for the case 4. It is 

important to reduce the hydrogen supply which causes important extra cost. The case 4 is not 

optimal and can be improved since a lot of heat from the purge burning is available. For instance, 

the recycle stream can be heating to 1600°C as the oxygen inlet. 1600°C is believed to be the 

maximal allowed temperature for a high temperature heat exchanger. The biomass can be warm 

up to at least 300°C and extra heat can be used to directly warm up the vessel. If enough pre-

heating is used, oxygen can be diminished and water steam can be added in the gasifier which 

must significantly reduce the H2 supply as well as the operating cost. The optimal operating 

conditions for the process is obtained when enough water is supplied in the gasifier for 

approaching as much as possible the ratio value H2/CO = 1.98 while in the same time having λ = 

λoptimal. In this way, the hydrogen supply is minimized and the syngas production is maximized. 

Besides, the impact of the recycle has not been investigated when using the hybrid hydrogen-

carbon process. It is however a relevant question since the tail gas contains some CO2 which can 

be converted in the WGS reactor if recycled into the gasifier. The carbon efficiency would be 

then improved. 
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7. Heat integration 

7.1. Error in Aspen Energy Analyser 

Aspen EA uses the following equations to determine the total annual cost (TAC): 

TAC = Λ.∑CC + OC           (33) 

Λ = 
(𝟏+

𝑹𝑶𝑹

𝟏𝟎𝟎
)

𝑷𝑳

𝑷𝑳
            (34) 

CC : Installed capital cost 

OC : Operating cost 

Λ : Annualization factor 

ROR : rate of return 

PL : plant life 

However, by using the latter expression, one can see the “Total cost” of the design increases 

when the plant life (PL) increases as well, contrary to what had been expected. Magne Hillestad 

had sent an e-mail to “AspenTech Support” at the request of a student (Tor Olav Høva Erevik) to 

get an opinion about this issue. “AspenTech support” recognized an error in the capital cost 

calculation (see e-mail in appendix M). The equation which shall be used is the one provided by 

Sinnott (29): 

TAC = ACCR.∑CC + OC          (35) 

ACCR =  
𝑖(1+𝑖)𝑛

(1+𝑖)𝑛−1
          (36) 

ACCR: Annual capital charge ratio 

i: Interest rate 

n: Number of years 

In the current report, it has been chosen to calculate the capital cost using the method given by 

Sinnott and Towler as it is explained in the chapter 8 (the capacity “S” is in this case the total 

heat exchanger area) . The operating cost of the heat exchanger network given by Aspen EA is 

however used. 
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7.2. Base case 

The Heat Integration (HI) has been realized by using Aspen Energy Analyser. A table 

summarizes the process streams in Appendix I. The global minimum approach temperature is set 

to 15 °C which is the average between ∆Tmin for a liquid match (∆Tmin = 10°C) and a liquid gas 

match (∆Tmin = 20°C). The steam outlet from the FT cooling system is considered as a “utility 

stream” since this stream has no temperature requirement. The stream is called “FT steam” and it 

is specified as a MP steam at 220°C. A utility stream called “Cooling water” has been added with 

an original temperature at 5°C, which is realistic if the plant sets in a cold country. The composite 

curves are presented below: 

 
Figure 39 : Composite curves for the base case 

 

The hot pinch temperature is obtained at 187.9°C and the cold pinch temperature at 172.9°C. 

50 Heat Exchanger networks have been generated by Aspen EA using the option “Recommend 

designs”. Only one possible design has been generated. The generation of design has been 

performed taking into account many utilities streams which were proposed by Aspen EA: 

 
Table 29 : Listing of the utility streams suggested by Aspen EA 



 

Heat integration 

82 

 

The resulting design is presented appendix H. A refrigerant is expensive and not necessary for 

this process. The cooling can be guaranteed by cold water represented by the stream “Cooling 

Water”. Besides, the hot steam generated by the cooling system of the FT reactor “FT steam” is 

assumed to be partly used to warm up the water inlet of the cooling system and partly used to 

generate electricity: 

 

Figure 40 : Diagram of the Fischer-Tropsch cooling system 

 

These changes leads to the heat exchanger design shown appendix I. The steam warms up the 

water until 210.3°C and high pressure steam brings the water to 220°C. The unused steam from 

the FT cooling system is used for electricity production. 

The unused streams are deleted: “Air”, “Refrigerant 1” and “Hot oil” and the cost index for “FT 

steam” is set at 0 since the steam is available free from the FT cooling steam. 

 
Table 30 : Listing of utility streams used in the heat exchanger network design for the base case 

 

For an unknown reason, after deleting the streams, Aspen Energy Analyzer states in the tab 

“scenario/Summary/Targets” that the heating and cooling requirements are not fulfilled because 

of a lack of utility streams, even if the design is still performing. Results are available in appendix 

I. 
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7.3. Case 4 

The list of process streams is available in appendix J. A hot stream at really high temperature 

(1572°C) is obtained in the case 4 after burning the purge. As the stream has no temperature 

requirement, it is considered as a utility stream and its cost index is set at 0 USD/KJ. The steam 

generated by the FT cooling system is completely used to generate electricity and does not take 

part to the heat integration in this case. 

 
Figure 41 : Composite curves case 4 

 

The global minimum approach temperature is set to 15 °C for the same reason than cited for the 

base case. The hot pinch temperature is obtained at 196.6°C and the cold pinch temperature at 

181.6°C. 42 recommended design have been generating in Aspen EA and most of them presented 

a negative operating cost which means that the heat exchanger network produces an important 

amount of steam that can be sold. The design with the smallest negative operating cost has been 

selected. The outlet temperature of the utility stream “vap pure / cold gas” had to be set at 197°C 

instead of 100°C to avoid a cross pinch issue. 

 
Figure 42 : Listing of utility streams used in the heat exchanger network design for the case 4 

Results are available in appendix J. 
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8. Costing 

8.1. Sizing and costing of major equipment 

The costing method given by Sinnott and Towler (29) was followed. The purchased equipment 

costs are determined using the Table 66 in Appendix K and the following equation: 

Ce = a + bSn             (37) 

Ce : purchased equipment cost on a US Gulf Coast basis, Jan. 2007 

a,b,n : constants in table appendix K 

S :  size parameter 

The updated purchased cost Ce,i,2014 is found by the following equation where CEPCI2015 and 

CEPCI2007 are respectively the cost index of the purchased equipment in May 2015 (equal to 

560.7) (30) and January 2007 (equal to 509.7). CEPCI is the Chemical Engineering Plant Cost 

Index.  

Ce,i,2014 = Ce,i,2007.
𝐶𝐸𝑃𝐶𝐼 2015

𝐶𝐸𝑃𝐶𝐼 2007
          (38) 

Then, the total purchase cost C is given by the below equation (p309): 

C= ∑ 𝐶𝑒, 𝑖. ((1 + 𝑓𝑝) + (𝑓𝑒𝑟 + 𝑓𝑒𝑙 + 𝑓𝑖 + 𝑓𝑐 + 𝑓𝑠 + 𝑓𝑙)/𝑓𝑚)𝑖=𝑀
𝑖=1     (39) 

M : number of equipment 

fx : installation factor (cf Appendix K) 

C : installed cost on a US Gulf Coast basis, Jan. 2007 

The equipment of the plant are in 304 stainless steel to avoid corrosion, hence fm=1.3. For 

pressure vessels, the size parameter is the shell mass. The first step is then to size the unit. The 

thickness is determined using the operating pressure and operating temperature: 

t = 
𝑃𝑖.𝐷𝑖

2𝑆𝐸−1.2𝑃𝑖
            (40) 

Pi : internal design pressure (10% greater than the operating pressure) (KPa) 

Di : Internal diameter (m) 

S : maximal allowable stress (KPa) 

E : welded-joint efficiency (here taken equal to 1) 
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The maximal allowable stress is determined using the appendix K. The mass of the shell is given 

by the below equation: 

mshell (Kg) = π.Di.H.t.ρ304ss          (41) 

Di : Internal diameter (m) 

H : Height (m) 

ρ304ss : density of 304 stainless steel (8000 Kg/m3) 

The costing can also be realized thanks to historic cost data:  

C2 = C1.(
𝑆2

𝑆1
)n             (42) 

Ci: ISBL capital cost of the plant with capacity Si 

 

8.1.1. Fischer-Tropsch 

8.1.1.1. Sizing 

The Fischer-Tropsch is sized in function of its inlet capacity qin (m
3/s). It is recalled that FT 

reactor are thriphasic reactor. The gas velocity should be important enough for suspending the 

solid phase and low enough to avoid the liquid and the solid to be carried away through the 

outlet. A typical average superficial gas velocity is between 0.25-0.27 m/s. The cross section area 

is noted A (m²). 

qin = vsup.A           (43) 

 

The diameter of a cylindrical vessel is considered:  

D = √
4.𝑞𝑖𝑛

𝜋.𝑣𝑠𝑢𝑝
            (44) 

 

Knowing the diameter D (m) and the volume Vcstr (m3) (given by the ACM model in Aspen 

Hysys), the height Hcstr (m) can be deduced:  

Hcstr = 
4.𝑉𝑐𝑠𝑡𝑟

𝜋.𝐷²
            (45) 
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The slurry composes 67 vol% of the volume of the equipment and 20 wt% of the slurry is the 

catalyst (cobalt). 

 Base case Case 4 

Diameter (m) 4.92 6.546 

Height (m) 20.436 17.95 

Thickness (m) 0.0573 0.0764 
Table 31 : Sizing Fischer-Tropsch 

 

8.1.1.2. Costing 

The FT reactor is considered as a vertical pressure vessel made of 304 stainless steel. The cobalt 

catalyst price is evaluated using the price of pure cobalt at 99.8% (29.4317 USD/Kg (31)) and the 

needed mass of catalyst is calculated in the ACM model. The price of the U-tube used to cool 

down the reactor as well as the price of the catalyst are added to the purchase price of the shell. 

The installation factor and the escalation are applied to the sum. The area of the U-tube is 

determined by multiplying the specific area (40 m-1) with the FT volume. 

Base case Case 4 

Area U-tube (m²) 1,55E+04 
 

Area U-tube (m²) 2,42E+04 
 

Mass catalyst (ton) 43 Mass catalyst (ton) 66.9 

Mass shell (ton) 5,59E+02 
 

Mass shell (ton) 1,16E+03 
 

Table 32 : Data for the costing of the Fischer-Tropsch 

Historic data have been used to verify the accuracy of the cost result for the base case. Kreutz (1) 

(p 45) gives the cost of the Fischer-Tropsch reactor integrating the cost of the heat exchanger. For 

a capacity (S1) of 2.5 MMSCF/h, the reactor costs (C1) 13.6 M$2007. Using the capacity of the 

simulated plant for the base case (S2 = 0.637 MMSCF/h), the equation C2 = C1.(
𝑆2

𝑆1
)n    

         (42) and after escalation, the 

FT cost must be 9 M$2015. By considering the FT reactor as a pressure vessel, it is found that the 

FT cost is 30 M$2015 (Catalyst, U tube and installation cost included). However, the price for a 

Fischer-Tropsh reactor that have been found in literature are closer to the highest estimation (32), 
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(3). Furthermore, historic estimation gives rough estimation. Thus, the FT shell cost is 

determined by considering it as a pressure vessel (30 M$). 

8.1.2. Entrained-flow gasifier 

8.1.2.1. Sizing 

The entrained-flow gasifier is sized according to the residence time of solid particles and of gas. 

The ECN (33) and REI report (34) give one those information. 2 seconds and 1 seconds are 

selected as residence time for respectively the gas (τgas) and the solid particles (τsolid).  

Vgas (m3) = τgas.Qgas         (46) 

Vsolid (m3) =  τsolid.Qsolid         (47) 

With Qgas = 1.48 m3/s and Qsolid = 3,28.10-2 m3/s (for the base case) and by summing the two 

volumes, the gasifier volume V is find to be 12 m3. The ratio length over diameter is determined 

using data from the Chapter 8 of the book “Biomass Gasification, Pyrolysis and Torrefaction” 

(Table 8.9) (35)  which presented data of commercial entrained-flow gasifier. The ratio L/D is 

taken equal to 1.75 which leads to the result in the next table. 

D = ( 
4∗𝑉𝑡𝑜𝑡

𝜋∗1.75
)1/3            (48) 

It is remarked that the data appendix K to determine the maximal allowable stress are given for a 

temperature range between 38°C and 482°C. Smax has been determined at 1300°C by 

extrapolation of the known values. 

 Base case Case 4 

Diameter (m) 1.04 1.28 

Height (m) 1.82 2.23 

Thickness (m) 0.0238 0.0292 
Table 33 : Sizing Entrained flow gasifier 

NB : The sizing is reconsidered in the costing. Indeed, the cost resulting from the sizing seems 

not realistic. The error might come from the extrapolation of the stress value at T=1300°C. 

 

8.1.2.2. Costing 

The price has been evaluated considering the gasifier as a pressure vessel. The cost of the reactor 

for the base case is obtained equal to 0.147 M$. This result seems low and not realistic comparing 
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with results from the literature (see appendix 2 of the Holmgren’s thesis (32) and  Kreutz (p44)). 

Holmgren refers to a plant with an inlet of 483 MWth (here 433.3 MWth) which costs 173M$2007. 

Using those data and a cost scaling factor n=0.5, the cost of the simulated gasifier must be 

180M$2015. Kreutz presents a plant with a capacity of 815 MWth, a cost of 198.8M$2007 and uses 

a scaling factor n=0.67. By applying those data, the current reactor cost would be 143M$2015. The 

results obtained with Holmgren’s study (180M$) is selected because the capacities (in MWth) are 

similar which reduces the error. The same thinking is followed for the case 4.  

The error in the sizing and the costing can have several causes. First, the table 67 gives the 

maximal stress for temperature between 37.7°C and 482.2°C. The maximal allowable stress for 

the gasifier operating at 1300°C has been extrapolated using the equation of the trend curve 

which might be source of inaccuracy since it is an extrapolation and not an interpolation. 

Secondly, the residence time are rough approximations and probably generate important 

imprecision. 

 

8.1.3. Water-gas-shift reactor 

8.1.3.1. Sizing 

The WGS reactor is sized using an approximate residence time. Different values have been 

found: Callaghan (36) uses a residence time equals to 1.8 seconds for an inlet composed of 

around 10 mol% of CO and a concentration between 25 and 10 mol% of H2O. Guan et al (37) 

gives residence time values in function of the CO conversion. For a WGS reactor at 800-850°F 

and for a CO conversion around 55%, Guan et al proposes residence time between 0.25 and 0.5 

seconds. For the base case simulation in this study, XCO = 48.37 mol%. Using the figure 4 in the 

last reference and the CO conversion in this study, the hold-up time should be 0.25 seconds. 

However, taking into account that the reactor operates at 752 °F, the residence time should be 

slightly higher. A hold-up time of 0.4 seconds is then chosen for the sizing. The volume occupied 

by the gas phase is determined using equation Vgas (m3) = τgas.Qgas    

     (46) and the total volume is determined assuming 

that the catalyst takes 60vol% of the reactor. Using a ratio H/D of 2 (38), the diameter is 

calculated thanks to the equation D = ( 
4∗𝑉𝑡𝑜𝑡

𝜋∗1.75
)1/3         

   (48).  
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 Base case Case 4 

Diameter (m) 1.3 1.95 

Height (m) 2.597 3.90 

Thickness (m) 0.018 0.0273 
Table 34 : Sizing Water-gas-shift reactor 

NB : The sizing is reconsidered in the costing. Indeed, the cost resulting from the sizing seems 

too low comparing with prices in literature. 

 

8.1.3.2. Costing 

WGS reactor is costed as a horizontal pressure vessel. The catalyst price (Fe2O3-Cr2O3 for a high 

temperature water gas shift reactor) is around 10 $/Kg (39) , the bulk density is taken at 1.6 Kg/L 

(40) and it is estimated that 60vol% is taken by the catalyst. The WGS reactor for the case 4 is 

also a high temperature water-gas-shift and then uses the same catalyst. 

 Base case Case 4 

Mass catalyst (ton) 4.95 16.8 

Mass shell (ton) 1.54 5.24 
Table 35 : Data for the Water gas shift costing 

 

 The purchased cost includes the catalyst cost. The obtained cost (including the escalation and 

installation costs) is 0.327 M$2015. The WGS reactor cost seems low. The Kreutz data (p 44) are 

the same as those used in Holmgren’s report and makes one obtained a cost of 2.2M$2015 for the 

current study. The last is used for the final costing. The error in the costing is probably due to the 

utilization of an approximated retention time for the sizing of the unit.  

 

8.1.4. Separators vertical  

8.1.4.1. Sizing (41) 

If the vapor fraction of a stream is high, a vertical separator is preferred to a horizontal separator. 

The settling velocity ut (m/s) is the falling speed of the liquid droplets and it enables one to 

determine the maximal gas velocity which still enables the liquid droplet to settle in the vessel. It 

is determined using the following equation: 

ut (m/s) = 0.07 (
𝜌𝐿− 𝜌𝑉

𝜌𝑉
)1/2               (49) 



 

Costing 

90 

 

The presence of a demister is assumed so vsup=ut. The diameter is determined by the equation D = 

√
4.𝑞𝑖𝑛

𝜋.𝑣𝑠𝑢𝑝
            (44).  

The height depends on the diameter and on the residence time of the liquid (τliq) which is around 

10min.  

H(m) = 0.4 + D + D/2 + Hliq         (50) 

Hliq (m) = 
4.𝑉𝑙𝑖𝑞

𝜋.𝐷²
            (51)  

Vliq (m
3) = τliq (s).Qliq (m

3/s)           (52) 

D (m) : intern diameter  

Hliq (m) : High of liquid in the separator 

 

 Base case Case 4 

Diameter (m) 2.53 3.12 

Height (m) 11.73 5.34 

Thickness (m) 0.021 0.026 
Table 36 : Sizing dryer 

 

8.1.4.2. Costing 

The dryer is costed as a pressure vessel made of 304 stainless steel. 

 

8.1.5. Horizontal three phase separator (42) 

8.1.5.1. Sizing 

As for the case of the vertical separator, the liquid droplets have to settle through a gas. By 

equalizing the gas retention time with the settling time of droplets, the following equation (gas 

capacity constraint equation) is found: 

 

d.Leff = 420.
𝑇.𝑍.𝑄𝑔

𝑃
.(

𝐶𝐷.𝜌𝑔

𝑑𝑚.(𝜌𝑙−𝜌𝑔)
)1/2         (53) 
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d : inside vessel diameter (in) 

Leff : vessel effective length (ft) 

T : operating temperature (°R) 

Z : gas compressibility  

CD : drag coefficient (assumed equal to 2) 

dm : diameter liquid droplet (μm) 

ρ : density (lb/ft3) 

P : operating pressure (psia) 

Qg : gas flow rate (MMscfd) 

 

A retention time constraint equation is also set to ensure the separation between oil and water: 

 

d².Leff = 1.42 (Qw.trw + Qo.tro)           (54) 

Q : flow rate (BPD) 

tr : retention time (min) 

As recommended in the chapter 4 of the book “Gas-Liquid and Liquid-Liquid Separators, 10min 

is chosen for the water retention time and 5 min for the oil phase since the oil production from the 

simulation belongs to very light crude oil (API° >40°). For dm=500μm, the maximum oil pad 

thickness results from the below equation: 

Ho,max (m) = 320 
𝑡𝑟𝑜.∆𝑆𝐺

𝜇
           (55) 

It is pointed that the equation (4.6b) in the book of reference (42) contains a mistake in the 

coefficient. For dm =500 μm, the equation should be: 

Ho,max (m) = 825 
𝑡𝑟𝑜.∆𝑆𝐺

𝜇
           (56) 

∆SG : difference between specific gravity 

μ : oil viscosity (cP for equation 42 and Pa.s for 43) 

 

The fraction of the vessel cross section area which is occupied by water is given by: 
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𝐴𝑤

𝐴
 = 0.5

𝑄𝑤.𝑡𝑟𝑤

𝑡𝑟𝑜.𝑄𝑜+𝑡𝑟𝑤.𝑄𝑤
            (57) 

 

Using the graphic “4.20” from the reference, the maximal internal diameter is found: 

dmax = 
(ℎ𝑜)𝑚𝑎𝑥

𝛽
            (58) 

 

Several diameter inferiors to dmax are considered. Leff is calculated for those diameter respecting 

the retention time constraint d².Leff = 1.42 (Qw.trw + Qo.tro)        

   (54). The estimate seam-to-seam length is then estimated: 

Lss = 4/3. Leff           (59) 

 

The couple diameter-length is selected for a slenderness ratio SR between 3 and 5, which offer 

the best economical solution: 

SR = 12
𝐿𝑠𝑠

𝑑
           (60) 

 

Results are presented below and the selected diameter-length couple is in bold text. 

d (in) Leff (ft) Lss (ft) SR 

40 3,91E+01 5,21E+01 1,56E+01 

50 2,50E+01 3,34E+01 8,01E+00 

60 1,74E+01 2,32E+01 4,63E+00 

70 1,28E+01 1,70E+01 2,92E+00 

80 9,78E+00 1,30E+01 1,96E+00 

Table 37 : Determination of the couple diameter-length for 3 phases separator (base case) 

 

d (in) Leff (ft) Lss SR 

40 7,89E+01 1,05E+02 3,15E+01 

50 5,05E+01 6,73E+01 1,62E+01 
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60 3,51E+01 4,67E+01 9,35E+00 

70 2,58E+01 3,43E+01 5,89E+00 

80 1,97E+01 2,63E+01 3,94E+00 

90 1,56E+01 2,08E+01 2,77E+00 

Table 38 : Determination of the couple diameter-length for 3 phases separator (case4) 

 

 Base case Case 4 

Diameter (m) 1.524 2.03 

Height (m) 7.07 8.02 

Thickness (m) 0.0109 0.0145 

Table 39 : Sizing 3 phases separator 

 

8.1.5.2. Costing 

The three phase separator is costed as a horizontal pressure vessel made of 304 stainless steel. 

 

8.1.6. Air Separation Unit 

The costing is scaled from the Statoil’s data given in the e-mail Appendix N and using the 

equation C2 = C1.(
𝑆2

𝑆1
)n            

 (42). The ISBL cost C1 is given for 2005. The escalation for 2015 is obtained using 

CEPCI2005=468.2 (43). 

 

8.1.7. Acid gas cleaning  

8.1.7.1. Sizing 

A scrubber using MEA is considered. The diameter is determined by the abacus appendix L with 

Qgas = 8.65 MMSCFD (for the base casee) and P = 282.8 psig. The length is determined 

considering the ratio length-to-diameter (L/D) equal to 7 (44). The vessel for the absorption has 

an operating temperature of 54.43°C and the vessel for the recovery is at 120°C (45), (46) (p 41). 

The thicknesses are determined for this two temperatures.  
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Base case Case 4 

Absorption Regeneration Absorption Regeneration 

Diameter 

(m) 

0.762 Diameter 

(m) 

0.762 Diameter 

(m) 

0.8382 Diameter 

(m) 

0.8382 

Height 

(m) 

5.334 Height 

(m) 

5.334 Height 

(m) 

5.87 

 
Height 

(m) 

5.87 

 

Thickness 

(m) 

0.0064 Thickness 

(m) 

0.0076 Thickness 

(m) 

0.0071 Thickness 

(m) 

0.00835 

T (°C) 54.43 T (°C) 120 T (°C) 56.01 T (°C) 120 

Table 40 : Sizing scrubber 

 

8.1.7.2. Costing 

The information given in the report (46) are used to determine the needed amount of MEA. MEA 

absorbs H2S, CO2 as well as H2O and it is assumed that they need the same amount of MEA to be 

absorbed. The cost of MEA is part of the purchased cost, so both shell and MEA cost receive the 

escalation and are multiplied by the installation factor. 

 

Base case Case 4 

H2S 

absorbed 

(Kg/h) 

82.317 Kg 

MEA/Kg 

compound 

captured 

1.5 H2S 

absorbed 

(Kg/h) 

84.65 Kg 

MEA/Kg 

compound 

captured 

1.5 

CO2 

absorbed 

(Kg/h) 

82287.8 USD/ton 

MEA 

1200 CO2 

absorbed 

(Kg/h) 

8775.27 USD/ton 

MEA 

1200 

H2O 

absorbed 

(Kg/h) 

1213 Cost MEA 

USD 

1,50E+05 H2O 

absorbed 

(Kg/h) 

1894.54 Cost MEA 

USD 

1,94E+04 

Table 41 : Monoethanolamine (MEA) data 
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8.1.8. Compressors and Heat exchangers 

Centrifugal compressors are assumed in the study. The size parameter “S” for compressors is the 

driver power (KW) and it is the area (m²) for heat exchangers. The driver powers and the heat 

exchanger area are available in appendix I and J. 

 

8.1.9. ISBL and Fixed capital costs 

All of the equations used in this subsection come from the 5th edition of Towler and Sinott (29). 

The inside battery limits cost is defined: 

CISBL = ∑ 𝐶𝑒, 𝑖 .  𝑓𝑒, 𝑖           (61) 

Ce,i: purchased cost after escalation of the unit i 

fe,i: installation factor for the unit i 

 

Finally, the total fixed capital cost is calculated by the following: 

CFC = C.(1+OS).(1+D&E+X)             (62) 

CFC : Total fixed capital cost on a US Gulf Coast basis, Jan. 2007 

OS : Offsite investment 

D&E : Design and Engineering cost 

X : Contingency 

For this type of process (fluid process): 

 

Offsites (OS) 0.3 

Design and Engineering (D&E) 0.3 

Contingency (X) 0.1 
Table 42 : Factors to define fixed capital cost (Offsites, Design and Engineering Contingency costs) 

 

Working capital is estimated equal to 15% of the Fixed capital cost and the Investment is defined 

by the sum: 

Investment (USD) = Working Capital (USD) + CFC (USD)      (63) 
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 Base case (USD) Case 4 (USD) 

Installed costs   

Fischer-Tropsch 3.00E+07 5,17E+07 

Gasifier 1.80E+08 1,80E+08 

Water gas shift reactor 2,20E+06 2,20E+06 

ASU 7,12E+07 6,70E+07 

Scrubber 7,63E+05 3,37E+05 

Separator horizontal 2,36E+05 3,96E+05 

Dryer 9,31E+05 6,94E+05 

Compressors 2,80E+07 1.73E+07 

Heat exchanger 3.69E+07 2,40E+07 

CISBL 3.50E+08 3,84E+08 

F ISBL 1.82 1.82 

Fixed capital cost 6.38+08 6.98E+08 

Working capital 9.57E+07 1,05E+08 

Investment 7.33E+08 8,03E+08 
Table 43 : ISBL and Fixed capital cost 

 

8.2. Operating costs 

8.2.1.  Hydrogen 

 As the aim of the study is to avoid the release of greenhouse gases, the hydrogen is assumed to 

be produced from a carbon-free source. According to (47), hydrogen produces by non-traditional 

technologies costs approximatively 4USD/Kg. This price is particularly valid for conventional 

electrolysis and wind farm. The study forecasts a price of 1.84USD/Kg for hydrogen produced by 

a modular helium reactor. A second article (48) proposes the price for several renewable process: 

The lowest production cost estimations are 1.96$/Kg (4.9€ ct/KWh) for solar methane cracking, 

2.11$/Kg (5.7 € ct/KWh) for solar hybrid Sulphur cycle, 2.21$/Kg (6 € ct/KWh) for solar 

Sulphur-iodine cycle and 3.88$/Kg (10.5 € ct/KWh) for solar metal/metal oxide cycle. In 

practice, it will likely be more expensive. The hydrogen price is here estimated at 4USD/Kg. 

NB: The last prices were originally given in € ct/kWh H2. The conversion has been made using 

the LHV of hydrogen (119.96 MJ/Kg H2) and the exchange rate in May 2015 (€/USD = 1.11 

(49)). 
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8.2.2. Biomass 

Data about biomass are taken equal to those found in the NREL report (11). The estimation in the 

current study for dry biomass is then taken at 30 USD/dry ton. The U.S. Department of Energy 

(50) estimates the biomass to higher prices around 40-60$/dry ton and the prices announced by 

NREL, Statoil and Arlanda (14) are between 75 and 134 $/ton. 30$/dry ton is then an optimistic 

approximation. 

 

8.2.3. Acid gas removal 

Variable costs caused by the MEA replacement and the cost of water are neglected. Only the 

electricity cost is considered.  

Heat consumption MJ/Kg compound removed 0.11 (51) 

Electricity cost USD/Kwh 0,0681 
 Table 44 : Heat consumption of the acid gas removal and electricity cost  

 

8.2.4. Heat exchanger  

The operating cost represents the energy cost to run the equipment. It is determined by Aspen EA 

according to the following (52) (p 16): 

OC = ∑(Chu.Qhu,min) + ∑(Ccu.Qcu,min)         (64) 

OC: Operating cost (USD/yr) 

Chu: utility cost for hot utility ($/KW.yr) 

Qhu,min: energy target of the hot utility (KW) 

Ccu: utility cost for cold utility ($/KW.yr) 

Qcu,min: energy target of cold utility (KW) 

The production and selling of steam are taken into account since “cooling cost” is a negative 

value. According to the Aspen Energy Analyzer Tutorial (version 8.8), the cost is given in United 

states dollar. As the tutorial is dated May 2015, it is assumed that no escalation is needed. 
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8.2.5. Labor 

Number of operators per shift can be correlated to the number of major processing units (41). 

 

Noperators = (6.29 +0.23.Nunits)
0.5         (65) 

The major processing units include reactors, columns, compressors and heat exchangers. 20 units 

have been enumerated for the base case which gives 3.3 operators i.e. 4 operators per shift. For 

the case 4, 27 units have been enumerated which gives one also 4 operators per shift. Considering 

5 shifts per day, 20 operators would be needed. The total labor is assumed to be the double of the 

operators number and the average wage is taken equal to 64 690 USD/year (53). 

 

8.2.6. Water 

Water in the process is in contact with hydrocarbons whose solubility is non-negligible. The 

water from the dryer and the 3-phases separator has to be treated. The cost of wastewater 

treatment is approximated by 6 USD/1000 gal (41). The FT reactor produces water which satisfy 

the water supply of the WGS reactor. It is assumed that the cooling water of the FT reactor 

circulates in a closed loop and then, no water loss is considered. 

out  in  

3 phase separator (Kg/h) 2,77E+04 WGS (Kg/h) 1,33E+04 

Dryer (Kg/h) 2,24E+05   

Balance (out-in) 2,38E+05   

Table 45 : Water balance for the base case 

 

out  in  

3 phase separator (Kg/h) 5.572E+04 WGS (Kg/h) 0 

Dryer (Kg/h) 1.158E+04   

Balance (out-in) 6.73E+04   

Table 46 : Water balance for the case 4 

 

8.2.7. Total operating costs 

Costs generated by catalyst and MEA renewal are neglected. Estimations are made (41) : 

Supervision = 25%.Labor ; Maintenance = 40%.CISBL ; 

Plant_overhead=65%(Labor+Maintenance) and Taxes, insurance = 2%.Fixed capital. The 

number of hours of operation is set at 8000 h/y. 
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The following table gives details of the total variable cost calculation.  

 Base case (USD/year) Case 4 (USD/year) 

Biomass 2,00E+07 2,00E+07 

O2 production 9,37E+06 8,47E+06 

CO2 capture 1,41E+06 1.82E+05 

Wastewater treatment 4,65E+07 1,23E+07 

Compressor 2,37E+06 1,12E+07 

HX network 2,81E+06 -7.38E+06 

H2 supply - 3,33E+08 

Labor 2,59E+06 2,59E+06 

Supervision 6,47E+05 6,47E+05 

Maintenance 1,40E+08 1,53E+08 

Overhead 9,28E+07 1,01E+08 

Taxes, insurance 1,28E+08 1,40E+08 

Total operating costs 4,46E+08 5,26E+08 
Table 47 : Total variable costs 

 

Operating costs are compared with those obtained in Penniall’s thesis (54) (p65). In the thesis, the 

biomass represents 30% of the total operating costs contrary to the current study, where the 

biomass participates only for 4.5%. The comparison with the capital cost highlights even more 

the difference. Indeed, the operating cost represents only 12.6% of the capital cost in the 

Penniall’s thesis. In the current paper, the operating cost is 70% of the capital cost. The operating 

cost result contains some errors. Achieved results are keeping because of the time limitation but a 

revaluation is needed. The errors are likely due to the high cost estimations of the wastewater 

treatment, the maintenance and the taxes. Besides, taking into account taxes is questionable since 

the plant is a renewable technology and by that, the taxes might be relaxed. 
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8.3. Revenues 

The price of the products has been evaluated knowing the price of a barrel and the average 

thermal energetic content of a barrel. 

Price ($/h) = 
Price barrel ($/bbl) 

Energetic content (MBTU/bbl)
.Fproducts(Kmol/h).LHVproducts(MBTU/Kmol)  (66) 

 

The price of the barrel is set at 60 USD (price for May 2015) to be consistent with the costing 

which uses the CEPCI from May 2015 (55), (56). More recent data give the price barrel around 

40 USD referring to the number of 2016 on the eia web site (57). The average thermal energetic 

content of a barrel is evaluated at 6 million BTU (58). Steam is also an income source. The FT 

cooling water is boiling water at 20 bar and 220°C. The needed amount of cooling water is 

determined using the heat of reaction per volume (sumdeltaH= 193.318 KJ/m3.s (base case) and 

the volume of the reactor ( Vcstr = 352 m3 (base case)) given by the ACM model. Mcooling water 

=132 tonnes/h has been found using the following equation: 

∆Hr (KJ/h) = Mcooling water (Kg/h). ∆Hvap (220°C) (KJ/Kg)      (67) 

∆Hvap (220°C) = 1856.23 KJ/Kg (59) 

 

The outlet steam is partly integrated to the heat integration. According to Aspen Energy Analyser 

(for the base case), 96.1 tonnes/h of steam is used for heating of process streams. The rest is used 

to generate electricity, i.e. 122 tonnes/h of steam. Some steam is also produced using the extra 

heat of the heat integration which is equal to Heatextra = 3.91.107 KJ/h. By simulating a heater 

fulfilling the condition duty= Heatextra, Tout=212°C and P=20bar, one determines that 13.7 

tonnes/h of steam can be generated. The steam price given by Sinnott is used.  

For the case 4, the steam produced by the cooling system of the Fischer-Tropsch is completely 

used for electricity production and does not take part of the heat integration. The hot stream 

obtained after burning the purge handles the needed extra heating for the heat exchanger network. 

It is determined that 266 tonnes/h water is needed to cool down the FT reactor, which gives 266 

tonnes of steam.  
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 Base case Case 4 

Heat of reaction in FT 

reactor ∆Hr (KJ/s) 

6,80E+04 1,37E+05 

Extra heat from HI (KJ/h) 3,86E+07 6,56E+08 

Total steam production 

used for el. Production 

(Kg/h) 

1,36E+05 4,99E+05 

Table 48 : steam production used for electricity generation 

 

 Values Notes 

£2009/ton of steam 8.76 (29) (p338) 

USD2009/ton of steam 14.016 (60) 

USD2015/ton of steam 15.058 CEPCI2009=521.9 (61) 
Table 49 : Price of MP steam 

 

 Base case Case 4 

Hydrocarbons 6,70E+07 1,35E+08 

MP steam from FT 1,47E+07 3,21E+07 

MP steam from HI 1,65E+06 

 

2,80E+07 

 

MP steam total 1,63E+07 6,01E+07 

Revenues 8,33E+07 1,95E+08 

Operating cost 4,46E+08 7,76E+08 

Profit -3,63E+08 -5.81E+08 

Table 50 : Revenues and profit in USD/year for the different cases 

In both case, the process does not make profits. The loss is higher when using the hybrid 

hydrogen-carbon process. Although the production in case 4 is twice more than in the base case, 

the profit is not improved. The economic results are discussed in the following subsection. 
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8.4. Discussion  

The hybrid carbon-hydrogen process greatly reduces greenhouse gas emission and increase the 

crude oil production. Thus, the cost for removing CO2 is significantly reduced and the revenues 

are enhanced. However, it is seen from the economic study that more losses are generated in the 

case 4 than in the base case. This result is due to the important amount of hydrogen required and 

the high cost of hydrogen which compensates the gain generated by the increase in the production 

and the saving in the CO2 removal. A sensitive study has been made for the base case and the 

case 4. 

 

Price barrel (USD/bbl) 60 100 120 140 160 

profit (USD/y) -3,63E+08 -3,34E+08 -3,12E+08 -2,90E+08 -2,67E+08 
Table 51 : Variation in profit for different prices of crude oil barrel for the base case 

 

  price of H2 USD/kg 

  4 3 2 1 

co
st

 c
ru

d
e

 o
il 

U
SD

/b
ar

re
l 60 -5,81E+08 -4,98E+08 -4,15E+08 -3,31E+08 

100 -4,92E+08 -4,08E+08 -3,25E+08 -2,42E+08 

120 -4,47E+08 -3,63E+08 -2,80E+08 -1,97E+08 

140 -4,02E+08 -3,19E+08 -2,35E+08 -1,52E+08 

160 -3,57E+08 -2,74E+08 -1,91E+08 -1,07E+08 
Table 52 : Sensitivity analysis 

 

None of the above combination has a positive profit. The results are now compared with the 

literature. Several value of breakeven price has been found for a non-hybrid BtL process. Kreutz 

(1) (p58) found a breakeven price of 127$/barrel for a BtL process with recycle. Chris Penniall 

(54) proposes 118$/barrel. The polymerization takes place in a Microchannel reactor at 10 bar 

and at 240°C. Syed (2) found similar breakeven price around 120$/bbl. The economic study in 

the current report seems not realistic when compared with literature. The operating costs are too 

important for both cases which is likely due to an error in the estimation of the wastewater 

treatment cost, the maintenance cost and the taxes cost.  

However, the fact that the case 4 causes more deficits than the base case comes from the 
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simulation results. Indeed, the needed supply of hydrogen and oxygen are too important which 

results in considerable costs. The problem that remains is the need of oxygen to maintain the 

gasifier temperature. In the case 4, the biomass and the oxygen inlet are respectively warm up at 

100°C and 1600°C to make reduced the oxygen content in the gasifier since the oxygen makes 

drop the syngas production. But the impact is weak and an important amount of oxygen is still 

needed. The hybrid hydrogen-carbon process has not been optimized. It is possible to reduce the 

hydrogen supply by increasing the pre-warming and by injecting steam in the gasifier as 

explained in the subsection 6.5. 
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9. Conclusion 

In this report, the Biomass-To-Liquid-Fischer-Tropsch process has been simulated and optimized 

on Aspen Hysys and Aspen Properties with a biomass feedstock equals to 20 000 tonnes per day. 

Kinetic model suggested by Ma et al (22) and Hillestad (21) was used for the Fischer-Tropsch 

synthesis. First, the gasification performances have been investigated for various operating 

conditions. It has been found that the syngas production reaches a maximum when λ is equal to 

0.57, which corresponds to an oxygen inlet of 42.4 tonnes per hour. The oxygen supply is 

however set to get a gasifier temperature at 1300°C in order to avoid tar formation. Best results 

were found no steam is supplied.  

The Biomass-To-Liquid-Fischer-Tropsch process has been optimized by maximizing the carbon 

and energy efficiencies of the simulated plant. The optimal configuration gives an energy 

efficiency of 56.55% and a carbon efficiency of 40.23% with a production of 4257 barrel per day. 

It has been obtained by purging 11% of the tail gas and by injecting 90% of the recycled tail gas 

into the Fischer-Tropsch reactor for a gasifier temperature equal to 1300°C.  

A hybrid hydrogen-carbon BTL process has been simulated in order to improve the efficiencies 

and in particular to reduce the carbon loss. The highest performances have been found for the 

case 4 which gives an energy efficiency of 63.09% and a carbon efficiency of 79.4%. It has been 

obtained by warming up the gasifier inlets: the feedstock is pre-heated at 100°C and the oxygen 

supply at 1600°C. 20% of the tail gas is purged and 90% of the recycled tail gas is injected into 

the Fischer-Tropsch reactor. Greenhouse emissions have been divided by 12 and the production 

has doubled when using a hybrid hydrogen-carbon BTL process. Although case 4 presents the 

best results in the study, it is not the optimal configuration for the process and it can be improved 

in many ways. 

An economical evaluation was performed for BTL and the hybrid process. It results that any of 

the process make profit. A sensitivity analysis has been made for the both processes. The barrel 

price was increased up to 160$/bbl and the hydrogen cost was reduced to 1$/Kg. However, even 

in the most advantageous situation, the study does not show any profit. The results from the 

economic study are unrealistic and are significantly different from the literature data. The error is 

found in the too high estimation of the operating costs. Wastewater, maintenance and taxes costs 

are likely responsible of the error and should be reviewed. 
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10. Further Work 

The simulated processes are supplied by a hypothetical dry biomass that contain no ash. The BTL 

process shall be realized considering a moisture and ash content to get more realistic results. 

It has been noticed that the length of the hydrocarbons decrease when one recycle more tail gas 

into the Fischer-Tropsch reactor. The composition of the Fischer-Tropsch inlet is modified when 

the recycling rate varies which changes the probability of growth α. The quality of crude oil 

partly depends on the rate of heavy hydrocarbons. The investigation on the parameters which 

influence the average carbon number of the product is relevant. 

The hybrid hydrogen-carbon BTL process has not been optimized. Feedstocks, recycle stream 

and the gasifier vessel can be pre-heated to higher temperature which will reduce the required 

oxygen supply. The optimal configuration is obtained when enough water is supplied in the 

gasifier for approaching as much as possible the ratio H2/CO = 1.98 while in the same time 

having λ = λoptimal. It is beneficial for the carbon efficiency to increase the recycle rate into the 

gasifier. 

Finally, results from the economic study are unrealistic due to an error in the operating 

estimation. Consequently, the accurate manufacturing breakeven price could not be determined. 

A review of the cost estimation is needed. 
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A  Heat Content Ranges for Various Biomass Fuels (dry weight 

basis) with English and Metric Units (62) 
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B Results table for the Water Gas Shift reactor investigation 

(cf:4.1) 

S/C in 
GBR 

MH2O in 
GBR  

MH2O in 
ERV  MH2O tot  Stot/C 

MCO 
out_ERV  

MCO over 
Mcarbon 

in 
biomass 

MCO2 dry 
syngas  

T GBR 
(°C) 

%mol 
CO2  

%mol 
CH4  

%mol 
carbon 

loss  

0,01 5,00E+01 1,16E+04 1,17E+04 3,255618 1,71E+03 0,48 1848,771 1072 26,27 0,25 1,17 

0,04 1,50E+02 1,15E+04 1,16E+04 3,244469 1,71E+03 0,48 1849,0563 1071 26,27 0,25 1,17 

0,06 2,00E+02 1,14E+04 1,16E+04 3,241682 1,71E+03 0,48 1848,4193 1071 26,25 0,24 1,17 

0,07 2,50E+02 1,14E+04 1,16E+04 3,238894 1,71E+03 0,48 1848,1503 1070 26,24 0,23 1,17 

0,08 3,00E+02 1,13E+04 1,16E+04 3,230532 1,71E+03 0,48 1848,1806 1069 26,24 0,22 1,17 

0,10 3,50E+02 1,12E+04 1,16E+04 3,230532 1,71E+03 0,48 1847,9338 1069 26,23 0,22 1,17 

0,11 4,00E+02 1,12E+04 1,16E+04 3,227745 1,71E+03 0,48 1847,9721 1068 26,23 0,21 1,17 

0,13 4,50E+02 1,11E+04 1,16E+04 3,224958 1,71E+03 0,48 1847,7233 1067 26,22 0,21 1,17 

0,14 5,00E+02 1,11E+04 1,16E+04 3,219383 1,71E+03 0,48 1847,733 1067 26,22 0,2 1,17 

0,15 5,50E+02 1,10E+04 1,15E+04 3,216596 1,71E+03 0,48 1847,5013 1066 26,21 0,2 1,17 

0,17 6,00E+02 1,09E+04 1,15E+04 3,213808 1,71E+03 0,48 1847,5556 1066 26,21 0,19 1,17 

0,18 6,50E+02 1,09E+04 1,15E+04 3,208234 1,71E+03 0,48 1847,3771 1065 26,2 0,19 1,17 

0,20 7,00E+02 1,08E+04 1,15E+04 3,205446 1,71E+03 0,48 1847,5527 1064 26,2 0,18 1,17 

0,21 7,50E+02 1,07E+04 1,15E+04 3,199872 1,71E+03 0,48 1847,193 1064 26,19 0,18 1,17 

0,22 8,00E+02 1,07E+04 1,15E+04 3,199872 1,71E+03 0,48 1847,2681 1063 26,19 0,17 1,17 

0,24 8,50E+02 1,06E+04 1,15E+04 3,194297 1,71E+03 0,48 1847,0553 1063 26,18 0,17 1,17 

0,25 9,00E+02 1,06E+04 1,15E+04 3,19151 1,71E+03 0,48 1847,126 1062 26,18 0,17 1,17 

0,26 9,50E+02 1,05E+04 1,14E+04 3,188722 1,72E+03 0,48 1847,1337 1061 26,18 0,16 1,17 

0,28 1,00E+03 1,04E+04 1,14E+04 3,185935 1,72E+03 0,48 1847,396 1061 26,18 0,16 1,17 

0,42 1,50E+03 9,80E+03 1,13E+04 3,150814 1,72E+03 0,48 1846,3035 1055 26,15 0,13 1,17 

0,56 2,00E+03 9,21E+03 1,12E+04 3,123777 1,72E+03 0,48 1845,6593 1049 26,18 0,12 1,17 

0,70 2,50E+03 8,61E+03 1,11E+04 3,097576 1,72E+03 0,48 1845,5102 1043 26,17 0,1 1,17 

0,84 3,00E+03 8,03E+03 1,10E+04 3,073047 1,72E+03 0,48 1845,3608 1037 26,16 0,09 1,17 

0,98 3,50E+03 7,44E+03 1,09E+04 3,050191 1,72E+03 0,48 1845,2808 1031 26,15 0,08 1,17 

1,11 4,00E+03 6,87E+03 1,09E+04 3,028729 1,72E+03 0,48 1845,1843 1026 26,14 0,08 1,17 

1,39 5,00E+03 5,73E+03 1,07E+04 2,989985 1,72E+03 0,48 1845,1824 1015 26,14 0,07 1,17 

1,67 6,00E+03 4,61E+03 1,06E+04 2,956815 1,72E+03 0,48 1845,5435 1005 26,13 0,06 1,17 

1,95 7,00E+03 3,48E+03 1,05E+04 2,921973 1,73E+03 0,48 1844,6704 996,2 26,12 0,05 1,17 

2,23 8,00E+03 2,38E+03 1,04E+04 2,893821 1,73E+03 0,48 1844,6673 987,7 26,11 0,05 1,17 

Notes:  

All the flowrate are given in Kgmole/h. 

The percentage of Carbon loss is calculated neglecting the methane. 

The percentage of methane and carbon monoxide are evaluated after drying the syngas. 1% of water is tolerated in 

the dry syngas 
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C Element of the Process Flow Diagram of the Biomass-to-Liquid 

process (base case) 

The simulation flowsheet has been divided in 3 areas for greater readability.  

Gasification 

 

 

 

Syngas treatment (WGS reactor, Dryer, Acid gas removal) 
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Polymerization and separation  

 

Name Function 

Set-duty Set the duty of the gibbs reactor “GBR-100” equal to the 

duty of the conversion reactor “CRV-100” in order to 

represent the adiabatic aspect of the gasifier 

ADJ-1 Adjust the amount of steam at the WGS reactor inlet to 

reach H2/CO=1.98 at the FT inlet called “inlet FT” 

ADJ-2 Adjust the duty of the cooler E-101 to remove 99% of the 

water in the dryer ( H2O content in dry syngas < 1%) 
Table 53 : Utilization of the tools "SET" and "ADJUST" in Aspen Hysys 
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D Element of the Process Flow Diagram of the hybrid Biomass-

to-Liquid process (case 4) 

The gasification and the polymerization are not different from the base case. Only the syngas 

treatment system and the combustion of the purge are presented for the case 4. 

 

Syngas treatment (WGS reactor, Dryer, Acid gas removal) 

 

Combustion of the purge 
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Vapour 

Fraction Temperature Pressure Molar Flow Mass Flow 

Liquid 

Volume Flow Heat Flow 

Unit  C kPa kgmole/h kg/h m3/h kJ/h 

inlet biomass 0,00 2,50E+01 2,00E+03 8,32E+02 8,33E+04 1,18E+02 -4,55E+08 

vap1 1,00 8,00E+02 2,00E+03 3,61E+03 4,02E+04 1,03E+02 8,53E+07 

inlet liq GBR 0,00 8,00E+02 2,00E+03 3,59E+03 4,32E+04 2,63E+01 4,84E+07 

inlet vap GBR 1,00 8,00E+02 2,00E+03 3,61E+03 4,02E+04 1,03E+02 8,53E+07 

vap2 1,00 1,30E+03 2,00E+03 6,53E+03 1,34E+05 2,12E+02 -4,77E+08 

liq2 0,00 1,30E+03 2,00E+03 0,00E+00 0,00E+00 0,00E+00 0,00E+00 

H2O 1,00 8,00E+02 2,00E+03 0,00E+00 0,00E+00 0,00E+00 0,00E+00 

intlet ERV 1,00 4,00E+02 1,98E+03 6,53E+03 1,34E+05 2,12E+02 -6,86E+08 

vap out ERV 1,00 4,80E+02 1,98E+03 1,98E+04 3,73E+05 4,98E+02 -3,73E+09 

steam ERV_cold 0,00 2,50E+01 1,98E+03 1,33E+04 2,39E+05 2,39E+02 -3,80E+09 

out_GBR 1,00 1,30E+03 2,00E+03 6,53E+03 1,34E+05 2,12E+02 -4,77E+08 

liq out ERV 0,00 4,80E+02 1,98E+03 0,00E+00 0,00E+00 0,00E+00 0,00E+00 

Dry syngas 1,00 5,42E+01 1,95E+03 7,34E+03 1,48E+05 2,73E+02 -1,02E+09 

Water 0,00 5,42E+01 1,95E+03 1,25E+04 2,25E+05 2,25E+02 -3,54E+09 

in_E-101 1,00 4,80E+02 1,98E+03 1,98E+04 3,73E+05 4,98E+02 -3,73E+09 

in dryer 0,37 5,42E+01 1,95E+03 1,98E+04 3,73E+05 4,98E+02 -4,55E+09 

CO2 and Sulfur 1,00 8,40E+01 1,95E+03 1,94E+03 8,36E+04 1,01E+02 -7,49E+08 

in separator 0,71 3,00E+01 1,83E+03 5,29E+03 1,11E+05 2,35E+02 -9,60E+08 

Hydrocarbons 0,00 3,00E+01 1,83E+03 1,99E+01 2,02E+03 2,80E+00 -4,78E+06 

extra water 0,00 3,00E+01 1,83E+03 1,54E+03 2,77E+04 2,77E+01 -4,38E+08 

tail gas 1,00 3,00E+01 1,83E+03 3,74E+03 8,16E+04 2,05E+02 -5,17E+08 

out_hydrocarbons 0,00 2,23E+02 1,93E+03 3,54E+01 1,83E+04 1,96E+01 -2,89E+07 

out_gas 1,00 2,23E+02 1,93E+03 5,29E+03 1,11E+05 2,35E+02 -8,56E+08 

out_FT 0,99 2,23E+02 1,93E+03 5,33E+03 1,30E+05 2,55E+02 -8,85E+08 

tail gas recycle 1,00 3,00E+01 1,83E+03 3,74E+03 8,16E+04 2,05E+02 -5,17E+08 

purge 1,00 3,00E+01 1,83E+03 4,11E+02 8,98E+03 2,25E+01 -5,69E+07 

recycle_ft 1,00 3,00E+01 1,83E+03 2,99E+03 6,54E+04 1,64E+02 -4,14E+08 



 

E Workbook Base case 

118 

 

6 1,00 3,68E+01 1,95E+03 2,99E+03 6,54E+04 1,64E+02 -4,13E+08 

syngas- 1,00 4,25E+01 1,95E+03 5,40E+03 6,42E+04 1,72E+02 -2,68E+08 

inlet FT 1,00 2,20E+02 1,93E+03 8,39E+03 1,30E+05 4,53E+02 -6,33E+08 

in_E102 1,00 3,99E+01 1,95E+03 8,39E+03 1,30E+05 4,53E+02 -6,81E+08 

syngas+ 1,00 4,25E+01 1,95E+03 5,40E+03 6,42E+04 2,89E+02 -2,68E+08 

recycle_gasifier 1,00 3,00E+01 1,83E+03 3,32E+02 7,26E+03 1,82E+01 -4,60E+07 

7- 1,00 3,94E+01 2,00E+03 3,32E+02 7,26E+03 1,82E+01 -4,59E+07 

7+ 1,00 4,07E+01 2,00E+03 3,32E+02 7,21E+03 1,33E+01 -4,58E+07 

recycle gas 1,00 3,00E+01 1,83E+03 3,32E+03 7,26E+04 1,82E+02 -4,60E+08 

products 0,03 2,04E+02 1,83E+03 5,52E+01 2,03E+04 2,24E+01 -3,37E+07 

steam ERV 1,00 4,00E+02 1,98E+03 1,33E+04 2,39E+05 2,39E+02 -3,04E+09 

O2_1 1,00 1,50E+01 1,00E+02 1,34E+03 4,30E+04 3,78E+01 -4,05E+05 

O2_2 1,00 1,39E+02 2,72E+02 1,34E+03 4,30E+04 3,78E+01 4,56E+06 

O2_2+ 1,00 1,50E+01 2,72E+02 1,34E+03 4,30E+04 3,78E+01 -4,28E+05 

O2_3 1,00 1,40E+02 7,40E+02 1,34E+03 4,30E+04 3,78E+01 4,54E+06 

O2_3+ 1,00 1,50E+01 7,40E+02 1,34E+03 4,30E+04 3,78E+01 -4,90E+05 

O2_4 1,00 1,40E+02 2,03E+03 1,34E+03 4,30E+04 3,78E+01 4,49E+06 

O2 1,00 6,00E+02 2,00E+03 1,34E+03 4,30E+04 3,78E+01 2,46E+07 

 

 Mole Frac (H2) Mole Frac (CO) Mole Frac (CO2) Mole Frac (Methane) 

inlet biomass 0,00 0,00 0,00 0,00 

vap1 0,70 0,00 0,00 0,00 

inlet liq GBR 0,00 0,00 0,00 0,00 

inlet vap GBR 0,70 0,00 0,00 0,00 

vap2 0,29 0,51 0,08 0,00 

liq2 0,29 0,51 0,08 0,00 

H2O 0,00 0,00 0,00 0,00 

intlet ERV 0,29 0,51 0,08 0,00 

vap out ERV 0,18 0,09 0,11 0,00 

steam ERV_cold 0,00 0,00 0,00 0,00 

out_GBR 0,29 0,51 0,08 0,00 
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liq out ERV 0,18 0,09 0,11 0,00 

Dry syngas 0,47 0,23 0,28 0,00 

Water 0,00 0,00 0,00 0,00 

in_E-101 0,18 0,09 0,11 0,00 

in dryer 0,18 0,00 0,11 0,00 

CO2 and Sulfur 0,00 0,00 0,96 0,00 

in separator 0,29 0,16 0,20 0,03 

Hydrocarbons 0,00 0,01 0,09 0,00 

extra water 0,00 0,00 0,00 0,00 

tail gas 0,41 0,22 0,28 0,05 

out_hydrocarbons 0,01 0,01 0,02 0,00 

out_gas 0,29 0,16 0,20 0,03 

out_FT 0,29 0,16 0,19 0,03 

tail gas recycle 0,41 0,22 0,28 0,05 

purge 0,41 0,22 0,28 0,05 

recycle_ft 0,41 0,22 0,28 0,05 

6 0,41 0,22 0,28 0,05 

syngas- 0,64 0,32 0,04 0,00 

inlet FT 0,56 0,28 0,12 0,02 

in_E102 0,56 0,28 0,12 0,02 

syngas+ 0,64 0,32 0,04 0,00 

recycle_gasifier 0,41 0,22 0,28 0,05 

7- 0,41 0,22 0,28 0,05 

7+ 0,41 0,22 0,28 0,05 

recycle gas 0,41 0,22 0,28 0,05 

products 0,01 0,01 0,04 0,00 

steam ERV 0,00 0,00 0,00 0,00 

O2_1 0,00 0,00 0,00 0,00 

O2_2 0,00 0,00 0,00 0,00 

O2_2+ 0,00 0,00 0,00 0,00 

O2_3 0,00 0,00 0,00 0,00 
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O2_3+ 0,00 0,00 0,00 0,00 

O2_4 0,00 0,00 0,00 0,00 

O2 0,00 0,00 0,00 0,00 

 

 Heat Flow 

Unit kJ/h 

Duty conversion 5,89E+08 

Duty GBR -5,89E+08 

cooling 100 2,09E+08 

cooling_101 8,28E+08 

heating 102 4,86E+07 

cooling 103 1,04E+08 

duty_k100 6,62E+05 

Duty_K101 1,02E+05 

heating 105 7,57E+08 

E-102 4,96E+06 

cooling 104 4,99E+06 

E-103 4,96E+06 

cooling 106 5,03E+06 

Duty K-104 4,98E+06 

heating 107 2,01E+07 

  



 

F  Workbook case 4 

121 

 

F  Workbook case 4 

 
Vapour 
Fraction Temperature Pressure Molar Flow 

Mass 
Flow 

Liquid Volume 
Flow Heat Flow 

Unit  C kPa kgmole/h kg/h m3/h kJ/h 

inlet biomass 0,00 1,00E+02 2,00E+03 8,32E+02 8,33E+04 1,18E+02 -4,29E+08 

vap1 1,00 8,00E+02 2,00E+03 3,61E+03 4,02E+04 1,03E+02 8,53E+07 

inlet liq GBR 0,00 8,00E+02 2,00E+03 3,59E+03 4,32E+04 2,63E+01 4,84E+07 

inlet vap GBR 1,00 8,00E+02 2,00E+03 3,61E+03 4,02E+04 1,03E+02 8,53E+07 

vap2 1,00 1,30E+03 2,00E+03 6,65E+03 1,28E+05 2,15E+02 -3,83E+08 

liq2 0,00 1,30E+03 2,00E+03 0,00E+00 0,00E+00 0,00E+00 0,00E+00 

H2O 1,00 8,00E+02 2,00E+03 0,00E+00 0,00E+00 0,00E+00 0,00E+00 

intlet ERV 1,00 1,14E+03 1,98E+03 6,65E+03 1,28E+05 2,15E+02 -4,22E+08 

vap out ERV 1,00 9,94E+02 1,97E+03 1,18E+04 1,38E+05 3,60E+02 -3,04E+08 

H2 supply 1,00 2,50E+01 1,00E+02 5,17E+03 1,04E+04 1,49E+02 -5,56E+02 

out_GBR 1,00 1,30E+03 2,00E+03 6,65E+03 1,28E+05 2,15E+02 -3,83E+08 

liq out ERV 0,00 9,94E+02 1,97E+03 0,00E+00 0,00E+00 0,00E+00 0,00E+00 

Dry syngas 1,00 5,60E+01 1,95E+03 1,12E+04 1,27E+05 3,49E+02 -4,98E+08 

Water 0,00 5,60E+01 1,95E+03 6,43E+02 1,16E+04 1,16E+01 -1,82E+08 

in_E-101 1,00 9,94E+02 1,97E+03 1,18E+04 1,38E+05 3,60E+02 -3,04E+08 

in dryer 0,95 5,60E+01 1,95E+03 1,18E+04 1,38E+05 3,60E+02 -6,80E+08 

CO2 and Sulfur 1,00 1,60E+02 1,95E+03 3,08E+02 1,08E+04 1,27E+01 -1,03E+08 

in separator 0,63 3,00E+01 1,82E+03 8,41E+03 1,30E+05 3,51E+02 -1,14E+09 

Hydrocarbons 0,00 3,00E+01 1,82E+03 3,90E+01 4,15E+03 5,80E+00 -8,77E+06 

extra water 0,00 3,00E+01 1,82E+03 3,09E+03 5,57E+04 5,58E+01 -8,83E+08 

tail gas 1,00 3,00E+01 1,82E+03 5,28E+03 6,98E+04 2,90E+02 -2,44E+08 

out_hydrocarbons 0,00 2,24E+02 1,92E+03 7,19E+01 3,65E+04 3,92E+01 -5,78E+07 

out_gas 1,00 2,24E+02 1,92E+03 8,41E+03 1,30E+05 3,51E+02 -9,45E+08 

out_FT 0,99 2,24E+02 1,92E+03 8,49E+03 1,66E+05 3,91E+02 -1,00E+09 

tail gas recycle 1,00 3,00E+01 1,82E+03 5,29E+03 6,99E+04 2,90E+02 -2,44E+08 

purge 1,00 3,00E+01 1,82E+03 1,06E+03 1,40E+04 5,80E+01 -4,88E+07 

recycle_ft 1,00 3,00E+01 1,82E+03 3,81E+03 5,03E+04 2,09E+02 -1,76E+08 

6 1,00 3,72E+01 1,95E+03 3,81E+03 5,03E+04 2,09E+02 -1,75E+08 

syngas- 1,00 5,23E+01 1,95E+03 1,09E+04 1,16E+05 3,36E+02 -3,95E+08 

inlet FT 1,00 2,20E+02 1,92E+03 1,47E+04 1,66E+05 7,91E+02 -4,94E+08 

in_E102 1,00 4,81E+01 1,95E+03 1,47E+04 1,66E+05 7,91E+02 -5,70E+08 

syngas+ 1,00 5,23E+01 1,95E+03 1,09E+04 1,16E+05 5,82E+02 -3,95E+08 

recycle_gasifier 1,00 3,00E+01 1,82E+03 4,23E+02 5,59E+03 2,32E+01 -1,95E+07 

7- 1,00 4,00E+01 2,00E+03 4,23E+02 5,59E+03 2,32E+01 -1,94E+07 

7+ 1,00 3,60E+01 2,00E+03 4,23E+02 5,54E+03 1,45E+01 -1,94E+07 

recycle 1,00 3,00E+01 1,82E+03 4,23E+03 5,59E+04 2,32E+02 -1,95E+08 

products 0,01 2,04E+02 1,82E+03 1,11E+02 4,06E+04 4,50E+01 -6,65E+07 

O2_1 1,00 1,50E+01 1,00E+02 1,22E+03 3,89E+04 3,42E+01 -3,66E+05 
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O2_2 1,00 1,39E+02 2,72E+02 1,22E+03 3,89E+04 3,42E+01 4,12E+06 

O2_2+ 1,00 1,50E+01 2,72E+02 1,22E+03 3,89E+04 3,42E+01 -3,87E+05 

O2_3 1,00 1,40E+02 7,40E+02 1,22E+03 3,89E+04 3,42E+01 4,10E+06 

O2_3+ 1,00 1,50E+01 7,40E+02 1,22E+03 3,89E+04 3,42E+01 -4,43E+05 

O2_4 1,00 1,40E+02 2,03E+03 1,22E+03 3,89E+04 3,42E+01 4,06E+06 

O2 1,00 1,60E+03 2,00E+03 1,22E+03 3,89E+04 3,42E+01 6,58E+07 

compressed H2 1,00 1,59E+02 1,98E+03 5,17E+03 1,04E+04 1,49E+02 1,98E+07 

H2 1,00 8,00E+02 1,97E+03 5,17E+03 1,04E+04 1,49E+02 1,18E+08 

vap purge 1,00 1,57E+03 1,82E+03 6,49E+03 1,85E+05 3,18E+02 -7,28E+07 

liq purge 0,00 1,57E+03 1,82E+03 0,00E+00 0,00E+00 0,00E+00 0,00E+00 

air 1,00 2,50E+01 1,83E+03 5,88E+03 1,71E+05 3,15E+02 -2,40E+07 

cold gas 0,92 1,00E+02 1,82E+03 6,49E+03 1,85E+05 3,18E+02 -4,39E+08 

cold biomass* 0,00 2,50E+01 2,00E+03 8,32E+02 8,33E+04 1,18E+02 -4,55E+08 

hot biomass* 0,00 1,00E+02 2,00E+03 8,32E+02 8,33E+04 1,18E+02 -4,29E+08 

H2_1 1,00 1,58E+02 2,70E+02 5,17E+03 1,04E+04 1,49E+02 1,97E+07 

H2_1+ 1,00 2,50E+01 2,70E+02 5,17E+03 1,04E+04 1,49E+02 -1,45E+03 

H2_2 1,00 1,58E+02 7,29E+02 5,17E+03 1,04E+04 1,49E+02 1,97E+07 

H2_2+ 1,00 2,50E+01 7,29E+02 5,17E+03 1,04E+04 1,49E+02 -3,56E+03 

 

 

 Mole Frac (CO) Mole Frac (CO2) Mole Frac (H2) Molar Flow (CH4) 

inlet biomass 0,000 0,000 0,000 0,000 

vap1 0,000 0,000 0,696 0,000 

inlet liq GBR 0,000 0,000 0,000 0,000 

inlet vap GBR 0,000 0,000 0,696 0,000 

vap2 0,520 0,050 0,333 1,032 

liq2 0,520 0,050 0,333 0,000 

H2O 0,000 0,000 0,000 0,000 

intlet ERV 0,520 0,050 0,333 1,032 

vap out ERV 0,302 0,019 0,615 1,032 

H2 supply 0,000 0,000 1,000 0,000 

out_GBR 0,520 0,050 0,333 1,032 

liq out ERV 0,302 0,019 0,615 0,000 

Dry syngas 0,320 0,020 0,650 1,032 

Water 0,000 0,000 0,000 0,000 

in_E-101 0,302 0,019 0,615 1,032 

in dryer 0,302 0,019 0,615 1,032 

CO2 and Sulfur 0,000 0,647 0,000 1,032 

in separator 0,197 0,009 0,364 0,033 

Hydrocarbons 0,011 0,005 0,007 0,005 

extra water 0,000 0,000 0,000 0,000 
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tail gas 0,314 0,015 0,580 0,052 

out_hydrocarbons 0,007 0,001 0,009 0,002 

out_gas 0,197 0,009 0,364 0,033 

out_FT 0,196 0,009 0,361 0,032 

tail gas recycle 0,314 0,015 0,580 0,052 

purge 0,314 0,015 0,580 0,052 

recycle_ft 0,314 0,015 0,580 0,052 

6,000 0,314 0,015 0,580 0,052 

syngas- 0,329 0,002 0,669 0,000 

inlet FT 0,325 0,005 0,646 0,013 

in_E102 0,325 0,005 0,646 0,013 

syngas+ 0,329 0,002 0,669 0,000 

recycle_gasifier 0,314 0,015 0,580 0,052 

7- 0,314 0,015 0,580 0,052 

7+ 0,314 0,015 0,580 21,902 

recycle 0,314 0,015 0,580 0,052 

products 0,008 0,002 0,008 0,003 

O2_1 0,000 0,000 0,000 0,000 

O2_2 0,000 0,000 0,000 0,000 

O2_2+ 0,000 0,000 0,000 0,000 

O2_3 0,000 0,000 0,000 0,000 

O2_3+ 0,000 0,000 0,000 0,000 

O2_4 0,000 0,000 0,000 0,000 

O2 0,000 0,000 0,000 0,000 

compressed H2 0,000 0,000 1,000 0,000 

H2 0,000 0,000 1,000 0,000 

vap purge 0,000 0,089 0,000 0,000 

liq purge 0,000 0,086 0,000 0,000 

air 0,000 0,010 0,000 0,000 

cold gas 0,000 0,089 0,000 0,000 

H2_1 0,000 0,000 1,000 0,000 

H2_1+ 0,000 0,000 1,000 0,000 

H2_2 0,000 0,000 1,000 0,000 

H2_2+ 0,000 0,000 1,000 0,000 
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 Heat Flow 

Unit kJ/h 

Duty conversion 5,63E+08 

Duty GBR -5,63E+08 

cooling 100 3,95E+07 

cooling_101 3,76E+08 

heating 102 7,64E+07 

cooling 103 1,91E+08 

duty_k100 8,60E+05 

Duty_K101 1,32E+05 

heating 105 9,84E+07 

E-102 4,49E+06 

cooling 104 4,51E+06 

E-103 4,49E+06 

cooling 106 4,54E+06 

Duty K-104 4,50E+06 

heating 107 6,18E+07 

E-108 3,67E+08 

Duty biomass 2,61E+07 

E-110 1,97E+07 

Duty K-105 1,97E+07 

Duty K-106 1,97E+07 

E-111 1,97E+07 

Duty K-107 1,98E+07 
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G  Results table for the base case investigation 

recycle split 1 0,9 0,8 0,7 0,6 0,5 

λ 0,66 0,68 0,70 0,71 0,72 0,73 

VCSTR (m3) 382,20 366,00 356,00 347,00 343,00 339,00 

% Eeff 54,82 54,80 54,70 54,28 54,08 53,69 

% Ceff 38,74 38,86 38,86 38,62 38,54 38,36 

% carbon 
loss WGS  42,56 43,90 44,73 45,42 45,87 46,28 

H2/CO 0,56 0,57 0,58 0,60 0,61 0,62 

syngas 
(Kmol/h) 4,93E+03 5,14E+03 5,33E+03 5,52E+03 5,67E+03 5,83E+03 

%CH4 in FT 1,92 1,25 0,87 0,64 0,46 0,34 

%CO2 in FT 13,83 10,22 8,17 6,81 5,89 5,20 

% inerts 16,11 11,84 9,42 7,84 6,75 5,94 

actual S/C 0,00E+00 1,22E-04 2,23E-04 3,19E-04 4,03E-04 4,83E-04 

price $/h 8,12E+03 8,11E+03 8,10E+03 8,04E+03 8,01E+03 7,95E+03 
Table 54 : simulation results for different recycle split at purge = 0.17, S/C = 0 and TGBR = 1300°C 

recycle split 1 0,9 0,8 0,7 0,6 0,5 

λ 0,6613162 0,686998 0,70626 0,7223114 0,73194222 0,7407705 

VCSTR (m3) 416 384,2 368,3 356,8 352 348,9 

% Eeff 56,35058 56,45123 56,06854 55,5266974 55,4410319 55,122386 

% Ceff 39,8808 40,1197 39,9322 39,6248 39,5986 39,4263 

% carbon 
loss WGS  43,1299 44,3309 45,3152 46,0569 46,447 46,7505 

H2/CO 0,5647 0,5715 0,5824 0,596 0,6078 0,6226 

syngas 
(Kgmol/h) 4925,0772 5181,222 5387,427 5583,1578 5744,3738 5928,9006 

%CH4 in FT 2,61 1,57 1,05 0,75 0,53 0,37 

%CO2 in FT 17,85 11,91 9 7,27 6,17 5,32 

% inerts 20,92 13,98 10,57 8,55 7,25 6,24 

actual S/C 0 8,24E-06 1,48E-05 2,0788E-05 2,5594E-05 3,088E-05 

price $/h 8344,7137 8359,619 8302,948 8222,70845 8210,02261 8162,8357 
 Table 55 : simulation results for different recycle split at purge = 0.12, S/C = 0 and TGBR = 1300°C 

recycle split 1 0,9 0,8 0,7 0,6 0,5 

λ 0,66 0,69 0,71 0,72 0,73 0,74 

VCSTR (m3) 424,50 388,00 372,00 364,50 352,80 347,90 

% Eeff 56,65 56,62 56,44 56,31 55,84 54,97 
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% Ceff 40,10 40,24 40,19 40,17 39,71 39,31 

% carbon 
loss WGS  42,63 44,50 45,42 45,93 46,36 46,85 

H2/CO 0,56 0,57 0,58 0,59 0,61 0,62 

syngas 
(Kgmol/h) 4,93E+03 5,19E+03 5,39E+03 5,58E+03 5,75E+03 5,92E+03 

%CH4 in FT 2,82 1,65 1,08 0,73 0,53 0,37 

%CO2 in FT 18,98 12,30 9,23 7,42 6,16 5,34 

% inerts 22,29 14,49 10,87 8,73 7,23 6,26 

actual S/C 0 8,63E-06 1,51E-05 2,0615E-05 2,0615E-05 3,098E-05 

price $/h 8,39E+03 8,38E+03 8,36E+03 8,34E+03 8,27E+03 8,14E+03 

       
Table 56 : simulation results for different recycle split at purge = 0.11, S/C = 0 and TGBR = 1300°C 

recycle split 1 0,9 0,8 0,7 0,6 0,5 

λ - 0,69 0,71 0,72 0,74 - 
VCSTR (m3) - 393,50 375,00 365,00 356,50 - 

% Eeff - 57,04 56,82 56,46 55,84 - 
% Ceff - 40,58 40,46 40,25 40,10 - 

% carbon 
loss WGS  - 44,61 45,58 46,18 46,72 - 

H2/CO - 0,57 0,58 0,59 0,61 - 
syngas 

(Kgmol/h) - 5,19E+03 5,40E+03 5,60E+03 5,79E+03 - 
%CH4 in FT - 1,72 1,12 0,77 0,55 - 
%CO2 in FT - 12,82 9,46 7,51 6,26 - 

% inerts - 15,12 11,19 8,91 7,45 - 
actual S/C - 8,85E-06 1,54E-05 2,14E-05 2,71E-05 - 
price $/h - 8,45E+03 8,41E+03 8,36E+03 8,27E+03 - 

Table 57 : simulation results for different recycle split at purge = 0.10, S/C = 0 and TGBR = 1300°C 

Note :  

The actual S/C takes into account the steam contained in the gasifier recycle stream. 

The H2/CO ratio in the above tables is taken at the gasifier outlet. 

Sp area in FT reactor = 100 m-1 
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Table 58 : Process streams of the heat integration for the base case 

 

Streams HX in flowsheet Q (KW) 

Out gas / in separator E-103 2,888.104 

In E-101 / in dryer E-101 2,301.105 

Out GBR / inlet ERV E-100 5,818.104 

Cold water FT / Hot steam FT Not simulated 6,8047.104 

Steam ERV cold / steam ERV E-105 2,1.105 

O2_3 / O2_3+ E-106 1,396.103 

O2_4 / O2 E-107 5,589.103 

In E-102 / inlet FT E-102 1,349.104 

O2_2 / O2_2+ E-104 1,385.103 

Table 59 : Process streams and the associated heat exchanger units (base case) 

 

 

Area (m²) Units Shells Heating 

(KJ/h) 

Cooling 

(KJ/h) 

Operating 

cost (USD/s) 

3,475.104 27 135 4,878.108 4,492.108 0.09771 
Table 60 : Costing data of the base case design 
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Table 61 : Data of the heat integration for the base case 
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Table 62: Process streams of the heat integration for the case 4 

 

Streams HX in flowsheet Q (KW) 

Compressed H2 / H2 E-105 2,734.104 

In E-101 / in dryer E-101 1,045.105 

Out GBR / inlet ERV E-100 1,099.104 

In E-102 / inlet FT E-102 2,122.104 

O2_3 / O2_3+ E-106 1,262.103 

O2_2 / O2_2+ E-104 1,252.103 

O2_4 / O2 E-107 1,716.103 

Out gas / in separator E-103 5,297.104 

Cold biomass / hot biomass E-109 7,259.103 

H2_1 / H2_1+ E-110 5,467.103 

H2_2 / H2_2+ E-111 5,473.103 

Cold water FT / hot steam  Not simulated 1,37.105 

Table 63 : Process streams and the associated heat exchanger units (case 4) 

 

Area (m²) Units Shells Heating 

(KJ/h) 

Cooling 

(KJ/h) 

Operating 

cost (USD/s) 

1,783.104 15 49 1,257.109 6,007.108 -0.2561 
Table 64 : Costing data for the design of the case 4 
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Table 65 : Data of the heat integration for the case 4 
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Table 66 : Purchased equipment cost for common plant equipment  
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Table 67 : Typical factors for estimation of project fixed capital cost 

 

T (°F) Smax [ksi] 

100 20 

300 15 

500 12.9 

700 11.7 

900 10.8 

Trend curve for x=T(°C) and y=Smax(KPa) y = -25007ln(x) + 228565                R² = 0,9998 
Table 68 : Maximal allowable stress (Ksi) at different temperature (°F) for 304 stainless steel (29) (p 1001) 
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