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Abstract

This thesis work presents an evaluation of various processes for reducing CO, emissions from natural-
gas-fired combined cycle (NGCC) power plants. The scope of the thesis is to focus mainly on post-
combustion chemical absorption for NGCC. For the post-combustion capture plant, an important
interface is the steam extraction from the steam turbine in order to supply the heat for solvent
regeneration. The steam extraction imposes a power production penalty. The thesis includes analysis
and comparison between several chemical absorption processes configurations integrated with NGCC.

The objectives of the present work were to use thermodynamic analysis on various chemical
absorption process configurations to evaluate, quantify and justify improved design of NGCC with
post-combustion CO, capture. The thermodynamic evaluation of the processes gave insight to the
detailed distribution of process irreversibilities and supports the state-of-the-art process configuration
with the lowest energy penalty due to addition of CO, capture to the power plant.

The reference power plant without CO, capture has a power production of 384 MW and a net electric
efficiency of 56.4% (LHV) with CO, emissions of = 362 g CO,/ net kWh electricity. The power plant
design was carried out using the computational tool GTPRO. The aim of the CO, capture plant was to
remove 90% of the CO, emissions present in the flue gas. To assess and analyse the various chemical
absorption process configurations, the UniSim Design software was used, which contains the Amines
Property Package. This special property package has been designed to aid the modelling of
alkanolamine treating units in which CO, is removed from gaseous streams. The downstream
compression of the captured CO, was also simulated using UniSim Design.

The investigated process configurations were comprised of chemical absorption process with absorber
inter-cooling, split-flow process and lean vapour recompression (LVR) process. Several design
parameters were modified for each of the process configurations to achieve low energy consumption
and consequently low work demand. The inter-cooling of the absorber column led to increased
solvent rich loading. Consequently, the solvent circulation rate and reboiler energy requirement was
decreased. In the split-flow configuration, due to splitting of the rich solvent into two streams, the
amount of rich solvent entering the bottom section of the stripper was reduced. Therefore, less
reboiler energy was required to remove CO, from the solvent to reach the same solvent lean loading
as of the reference chemical absorption process. In the configuration with lean vapour recompression
(LVR), the lean solvent stream was utilised as a low temperature heat source in order to add exergy
input in the form of steam to the stripper column and thus reduce the reboiler duty. The reboiler duty
for the CO, capture was decreased from 3.74 MJ/kgCO, in the reference chemical absorption process
to 2.71 MJ/kgCO; for the case of LVR with absorber inter-cooling. The net electric efficiency of the
reference process with CO, capture was calculated to 49.5% (LHV). With the improved process
design, the highest net power plant efficiency was calculated to 50.2 % (LHV) for the case of LVR
with absorber inter-cooling.

Moreover, exergy analysis was performed to identify the irreversibilities associated with the
integration of power plant with various CO, capture and compression processes. Particularly, the
second law of thermodynamics was used as a tool to evaluate and quantify the reduction of energy
penalty associated with CO, capture for each process modification. Defining the work input for a
theoretical reversible CO, capture process as the minimum required work was functional step in
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characterising the difference of the work input of theoretical reversible processes and the real
irreversible processes. Exergy efficiency of the reference chemical absorption process was calculated
to 21.3 % versus 25 % for the case of LVR with absorber inter-cooling. Through exergy balance for
every CO, capture process configuration, the exchange of exergy content of material and energy
streams was assessed.

Using the combination of power plant efficiency and exergy analysis as tools, a pre-combustion
reforming combined cycle (IRCC) process with chemical absorption CO, capture process was
investigated. A rational efficiency of 43.8% was achieved, which indicates the share of input exergy
utilised for work production by the power cycle in addition to the exergy of the pure compressed CO,
stream. The highest amount of irreversibility was contributed by the gas turbine and mainly by the
combustor. The irreversibility which is inherent in the combustion process corresponded to a large
fraction of original exergy of the fuel. This could be partially compensated by increase the preheating
of the fuel supplied to the combustor. Also preheating the inlet streams to auto-thermal reactor (ATR)
was found advantageous in decreasing the ATR irreversibilities.
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1 Introduction

1.1 Motivation for carbon capture and sequestration

It is a long time that scientists believe greenhouse gases control the atmosphere climate change.
Arrhenius (1896) was the first scientist who speculated that the changes in the levels of carbon
dioxide in the atmosphere could substantially lead to the greenhouse effect and the surface
temperature change. He predicted that emissions of carbon dioxide from the burning of fossil fuels
and other combustion processes would cause global warming and he estimated the impact of
anthropogenic emissions of CO,.

Figure 1-1 depicts the global annual temperature change since 1880. Even with variation over the
years, the general trend is clearly upwards. Although recently some cooler environment temperatures
raised the idea of a global cooling trend, but as the graph shows, even several years of cooling doesn’t
mean a long-term warming trend is over.

0.55 —o— Annual Mean
°G“ e 5-year Mean
> 035
©
£
2
< 0.15
g
2
© -0.05
o
=%
£
2 -0.25

-0.45

1880 1900 1920 1940 1960 1980 2000 2020

Year

Figure 1-1: Global Annual mean surface air temperature anomalies, 1880 to present, with the base period
1951-1980. The dotted line is the annual mean and the solid red line is the five-year mean. The figure is
updated based on Figure 1A in Hansen et al. (2006). Data available from Goddard Institute for Space
Studies, 2011, NASA.

Carbon dioxide from fossil fuel combustion is the largest contributor to greenhouse gas emissions
worldwide. According to IEA report 2010, 43% of CO, emissions from fuel combustion were
produced from coal, 36% from oil and 20% from natural gas. Emissions of CO, from natural gas in
2010 represented 6.18 Gt CO,, 4.5% higher than in the previous year. As of 2010, fossil fuels produce
31 gigatonne CO, annually. (Figure 1-2)
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Figure 1-2: CO, emissions by fuel. IEA, 2010
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Until now, the carbon dioxide from the combustion of fossil fuels has been emitted to the atmosphere

and an insignificant amount of that is being captured. This has contributed to a nearly 39% increase of

the CO, content of the atmosphere since the beginning of industrial revolution, from 280 ppm to 392
ppm today (Conway et al., 2011, NOAA/ESRL). Figure 1-3 shows the global averaged monthly mean
CO, data that is provided by Global Monitoring Division of NOAA/ESRL from the measurement of
carbon dioxide and other greenhouse gases for several decades at a distributed network of air
sampling sites (Conway, 1994).
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Figure 1-3: Plot of monthly mean carbon dioxide (ppm) globally averaged over marine surface sites. Data
available from Conway et al., 2011, NOAA/ESRL. The black line represents the monthly mean values,
centred on the middle of each month. The red line represents the same, after correction for the average

seasonal cycle.



To stop or slow down this increasing trend, serious decisions should be taken in developing a
sustainable energy infrastructure which eliminates the environmental impacts of carbon dioxide
mitigation to the atmosphere.

1.1.1 CO: emissions by fuel

Fossil fuels are the dominant sources of primary energy worldwide, providing nearly 81% of the
world demand (IEA, 2009). Among the fossil fuels, coal power generation with 42 percent of the total
power generation is a favourable source since it is relatively inexpensive and compared to other fossil
fuels. World Energy Outlook (IEA, 2012) reports that the growth in energy demand will increase the
share of CO, emissions related to fossil fuel power generation from 41 percent energy at 2007 to 44
percent by 2030. (Figure 1-4)

Natural gas providing nearly 21% of the total power generation worldwide remains an important fuel
for electricity generation since it is less expensive with natural gas than with oil as the primary energy
source, and natural-gas-fired generating plants are less capital-intensive than plants that use coal,
nuclear, or most renewable energy sources.
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Figure 1-4: Plot of world net electricity generation by fuel, 2007-2035. Data available from
International Energy Outlook, 2010.

CO, emissions from power generation also depend on the type of consumed fuel or energy and its
carbon intensity. Figure 1-5 shows the effects of fuel switch for power generation on CO, mitigation
for the fossil fuels, renewables and nuclear power. Electricity generation using natural gas instead of
coal, for example, can reduce the CO, emissions because of the lower C content of natural gas. Also,
there is a direct correlation between power plant efficiency, saving the energy and the amounts if the
CO, emissions. For example, switching from coal to gas increases the efficiency of the power plant
specially when used together with the more efficient combined-cycle results in even higher
efficiencies (IEA, 2008). As shown in Figure 1-5, gas-fired combined-cycle plants produce less CO,



per kWh electricity output than other fossil fuel technologies because of the relatively high thermal
efficiency of the technology and the high hydrogen-carbon ratio of methane. Both effects, using low
carbon-fuel and high energy efficiency are toward the global warming mitigation. However the
limited sources of natural gas worldwide and its price would have dominant effect of the usage of this
fuel and consequently would affect the CO, emissions trends.
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Figure 1-5: Lifecycle greenhouse gas emission estimates for electricity generators fossil fuels data for
available from climate change 2007, IPCC; for renewables and nuclear from IEA, Energy Technology
Perspectives, 2010

Another option of energy supply would be switching to renewables and nuclear power instead of
fossil fuels which are as illustrated by Figure 1-5 can considerably reduce CO, emissions. Some forms
of renewable energy are now competitive in various market conditions, like wind power which is
growing at the rate of 30% annually worldwide with the installed capacity of 158 (GW) in 2009
(GWEC, 2010). Also global photovoltaic (PV) installations surpassed 21 GW cumulatively (Russell,
2010). However high cost of renewables makes them generally uncompetitive with fossil fuel.

CO, capture and storage (CCS) is the only pathway which allows the world to continue the usage of
fossil fuels while reducing their combustion-associated emissions. Furthermore, the most near-term
method of CO, capture is post-combustion capture for existing fossil fuel plants followed by long-
term, large-scale sequestration to the isolate the CO, from the atmosphere.

1.2 Introduction to carbon capture
There are three major approaches to capture CO,.The summary comes in following paragraphs;
1.2.1 Post-combustion capture
In post-combustion capture, CO, is removed from the combustion product - flue gas - before emission

to the atmosphere. This capture method is an extension to the flue gas treatment for the SO, and NOy
removal, however, the higher concentration of CO, (typically 4-15%, depending on the fuel type)

4



made CO, removal more challenging. Post-combustion CO, capture using absorption is the most
developed candidate for gas-fired power plants. Neither the oxyfuel combustion nor the pre-
combustion approaches are well suited for gas-fired power plants (Herzog et al., 2009). Furthermore,
post-combustion capture is compatible to retrofit into the existing power plants without requiring
fundamental change in basic combustion technology as well as it is near-term solution for new power
plants.

Moreover, this method offers flexibility to the power plant. Because it is not highly integrated into the
power plant process and is designed as an add-on to the power plants, in case of capture plant failure
and shut down, the power plant can still operate. Figure 1-6 depicts a schematic of post-combustion
capture.

Fuel

Oxidant

Figure 1-6: Schematic of post-combustion CO, capture

Several technologies have been developed to remove CO, from flue gases of the power plants which
include but not limited to: absorption with solvents, membrane purification, adsorption and cryogenic
distillation.

1.2.1.1 Absorption

Absorption is a well-established process of separation as the physical or chemical process in which
CO; enters liquid bulk phase and is absorbed by the liquid volume. The process takes place in
columns in which turbulent flow promotes rapid CO, transfer from gas to liquid. Also reaction
happens between the CO, and the aqueous absorbents in liquid phase. Further on, density differences
simplifies the separation of remaining gas and liquid containing CO,.

To recover the captured CO, the loaded solvent is pumped to a stripper in which it is exposed to steam
that heats up the solvent and regenerate it. The stripped liquid is pumped back to the absorber while
the steam/CO, mixture is cooled to condense the steam, leaving high-purity CO, suitable for
compression and, after transportation to an appropriate site, sequestration.

Aqueous alkanolamine solutions are the most used solvents for chemical absorption processes
(monoethanolamine, MEA, being the most widely known). This will be further elaborated in chapter
2.2.2. Other fluids with alkaline character, such as chilled or ambient temperature ammonia or
ammonium carbonate are investigated for chemical absorption processes in pilot plants (by Alstom in
Pleasant Prairie, USA and Technology centre Mongstad).



Hot potassium carbonate solution is used by early industrial systems for recovering CO, from gas
streams (Sanyal et al., 1988). It reacts with dissolved CO, to form potassium bicarbonate. But most
recently amines are preferred for industrial CO, recovery processes (Kohl et al., 1997).

Chapter 2 gives more technical background information regarding various chemical absorption
solvents and reviews the various chemical absorption process-configuration alternatives.

Physical absorption is a successfully established process for gaseous streams with high CO, partial
pressures. The nonreactive organic solvents physically dissolve the CO, which is then stripped by
merely reducing the pressure (low heat consumption). The solvents have no absorption limitation and
the CO, loading capacity is determined by the vapor-liquid equilibrium of the mixture, which is
governed by the pressure and temperature. At high CO, partial pressures, the CO, loading capacity of
the solvent is higher for a physical solvent than for a chemical solvent. Methanol (Rectisol process),
Dimethyl ether of polyethylene glycol (SELEXOL), N-Methyl-2-pyrrolidone (Purisol), and propylene
carbonate (Fluor Solvent) are among the (industrial) commercial physical solvents (Kohl et al., 1997).

There is another class of absorption processes usually referred to as hybrid solvents, which offer a
combination of chemical and physical absorption. The hybrid solvent which is a blend of an amine
with a physical solvent, combines the bulk removal capabilities of physical solvent with amine’s
reactive ability to achieve very low residual CO, in a single removal step. Typical processes are
Sulfinol, Amisol and Selefining process (Kohl et al., 1997, Collot, 2003).

Other innovative absorption processes are found in the literature such as combination of mixed
amines with other activating materials such as membranes. In this method, porous membranes are
used as platforms for absorption and stripping. Shimada et al. (2006) research investigated the
absorption /desorption of CO, into/from aqueous solution of a secondary amine using a membrane
contained contactor. CORAL, a hybrid absorption solvent (Feron et al., 2004), contains a mixture of
salts and amino acids, and flue gases are carried out through poly-olefin membrane
contactors. Similarly, a novel concept based on reverse osmosis membrane as an application to post-
combustion CO, capture with ammonia absorption has been developed recently (Li et al., 2011).

1.2.1.2 Cryogenic separation

Cryogenic separation is an air separation process, where gaseous components of a mixture are
separated by condensation. The thermodynamic process is based on a closed-cycle operated
refrigeration system consisting of a compressor, a Joule-Thompson valve (JTV), multi-stage heat
exchangers and expanders. Cryogenic separation is widely used for purification of CO, from the
streams that already have high CO, concentrations (>50%) and it is not generally considered as a
method for separation of CO, from flue gases (Wilcox, 2012). However, its application is expected in
oxyfuel separation processes to obtain pure oxygen. Through cryogenic separation, the liquid CO; is
directly produced at a relatively low pressure which is avoiding high energy consumption for
compressing gaseous CO, to very high pressures. However, substantial energy consumption for
refrigeration step and CO, solidification under low-temperature process are the main challenges for
further research and development (Zhang et al., 2006). A novel cryogenic separation process has been
developed recently which uses two-stage compression to increase the CO, pressure. Thus the
liquefaction temperature will be increased which leads to lower energy consumption in refrigeration
step and prevent equipment from freezing (Lively et al., 2012).



1.2.1.3 Membrane separation

Membrane technology is among the novel processes under development for separation of CO, from
flue gases with clear benefits such as low cost of operation as well as safe and environmentally
friendly nature of the process. Chemical species permeate selectively with different rates (based on
sizes of the permeating molecules and/or solubility and/or diffusion coefficients), through the
polymeric membranes. This process is mostly pressure-driven, which makes the separation of CO,
from flue gases of NGCC challenging, due to low partial pressure of CO; in flue gases of NGCC.
Other factors which identifies the suitability of membranes in CO, separation from flue gases are
CO,/N, selectivity >70 and minimum permeability of 100 GPU (Gas Permeation Unit).! (Huang et al.,
2008)

The majority of investigations on application of membranes for the post-combustion CO, capture is
on coal-fired power plants (Favre et al., 2011, Merkel et al., 2010, Zhao et al., 2008, 2010), which
shows less applicability of membrane contactors for post-combustion CO, capture of natural-gas fired
power plants. In general, polymeric membranes for CO, separation achieved high technology
readiness when considering the availability and fabrication readiness of the membranes. However,
they are unsuitable for post-combustion capture from natural-gas-fired power plants due to high air-
to-fuel ratios producing large amounts of exhaust gas containing highly diluted, low concentrated CO,
(Carapellucci et al., 2004).

1.2.1.4 Adsorption

Physical adsorption

These processes are based on physical adsorption of CO, (without forming chemical bond only weak
interactions such as van der Waals forces) to the surface of a variety of nonreactive sorbents including
carbonaceous materials and crystalline materials known as zeolites. Under certain conditions i.e.
either Pressure Swing Adsorption (PSA), Temperature Swing Adsorption (TSA) or Electrical Swing
Adsorption (ESA), the regeneration process continues with release of CO, from the adsorbents.
Fundamentally, zeolites show better results to remove CO, from flue gases since their CO,/N,
selectivities are higher than carbonaceous materials (Activated carbon molecular sieves). However,
their capacities are lower and their performance would fall down in presence of steam (Siriwardane et
al., 2001, Lu et al. 2008).

Adsorption systems are well developed for the separation of CO, from natural gas streams (Kohl et
al., 1997) but for post-combustion CO, capture from natural gas-fired power plants, (less than 5%
CO; concentration), adsorbents with improved properties that can operate during multi cycle tests at
higher temperature, in the presence of steam are yet under development and demonstration
(Siriwardane et al., 2005, Phan et al., 2009, Merel et al., 2008). Furthermore, for lower CO,
concentration, combined temperature and vacuum PSA (Ishibashi et al., 1996) and also TSA were
proposed (Merel et al., 2006). In recent studies, ESA process for capture CO, from NGCC has been
evaluated; the main disadvantage of this method comparing to TSA is that the temperature increase is
achieved by using electric power while in the case of TSA, waste heat is employed (Grande and
Rodrigues, 2008). To conclude, adsorbents are considered as a future alternative, potentially less-

"1 GPU = 10%cm3(STP)/(cm?s cm Hg), (Huang et.al, 2008)
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energy-intensive CO, separation technology comparing to amine chemical absorption (Choi et al.,
2009).

Chemical sorbents

One of the techniques under development for the removal of CO, is chemisorption with regenerable
sorbents. Chemisorbents include, but not limited to, metal-oxide-based adsorbents such as CaO, MgO,
K,CO;, Na,CO; LipZrO; and LisSiO4, and hydrotalcite-like compounds and organic and organic-
inorganic hybrid adsorbents. Alkali metal carbonates (such as K,CO;) and hydrotalcite-like
compounds (HTs) are intermediate temperature adsorbents (absorption temperatures between 200 and
400 °C), while CaO, Li,ZrOs, and Li4SiO4 adsorbents are high temperature adsorbents (Choi et al.,
2009, Hutson et al., 2008, Liang et al., 2004).

Alkali metal-based oxides such as CaO, MgO, and Al,O; are investigated for CO, capture due to
availability, good tolerability over temperature ranges and relatively lower costs compared to zeolites.
These oxides can be used under a range of temperatures from room temperature to 850 °C. However
there are still some challenges in the regeneration of these sorbents.

Among these sorbents, CaO/CaCOs is widely investigated due to its availability in natural minerals
and high adsorption capacity. Originally Shimizu (1999) proposed the carbonation-calcination cycle
as a post-combustion system which involved the calcination of the sorbent in a fluidized bed, by firing
a fraction of the fuel with O,/CO, mixtures. Furthermore, it offers possibilities for power plant
configurations of utilizing the available high heat level, potential of low capture cost and very low
efficiency penalties, due to steam generation from high amount of released heat and it could be used
for both coal and natural gas fired power plants (Manovic et al., 2008, Romeo et al., 2010, Abanades,
2008, Berstad et al., 2012).

1.2.2 Oxyfuel combustion capture

This CO, separation method involves the combustion of fuel with nearly pure O, to get CO, enriched
flue gas. Since nitrogen is the major component of power plant flue gas, post-combustion capture is
essentially about nitrogen and CO, separation. In the absence of nitrogen, CO, capture from flue gases
would be greatly simplified, and this is the basic idea of oxyfuel combustion CO, capture method.
High purity (=95%) oxygen is delivered in two forms; either as a gas stream, produced by the external
cryogenic separation of O, from air or as a solid oxide in a chemical looping which is internally
integrated process. Either way, oxygen is introduced to the power plant for the combustion of fuel.
Since the fuel is burnt in presence of pure oxygen, the flame temperature is excessively high, so H,O
and/or CO, process streams would be recycled to the combustor to moderate the combustion
temperature. Figure 1-7 depicts a schematic of oxyfuel combustion.
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Figure 1-7: Schematic of oxyfuel combustion CO, capture

The advantages of oxyfuel combustion cycles are the great variety of fuels which can be used (natural
gas, syngas from coal or biomass gasification, etc.), low NOy generation and reaching high CO,
capture ratios. The combustion with pure oxygen leads to a working fluid consisting mainly of steam
and CO,, which allows relatively easy and cost-effective CO, separation by steam condensation. It
should be mentioned that, the oxyfuel combustion cycles need development of specific
turbomachinery components with improved materials/coatings that has higher durability against
temperature degradation in presence of high concentrations of CO, and H,O. Moreover, the high cost
of air separation unit is another obstacle in commercialization of new oxyfuel plants with CO,
capture. Fortunately, the new working fluid of steam and CO, allows new power plant cycles of
highest efficiency, so that the additional efforts for oxygen supply can be largely compensated (Dillon
et al., 2005, Coraggio et al., 2011). Oxyfuel cycles are based on different concepts and designs if CO,
is used as the working fluid, including the O,/CO, cycle (Kvamsdal et al., 2007, Zhang et al., 2008),
the MATIANT (Mathieu et al, 1999), if H,O is the working fluid such as the CES Cycle (Anderson et
al., 2008), and if CO,/H,O are working fluids such as the Graz Cycle (Jericha et al., 2004).
Furthermore, new technologies with the attempts to lower the penalty due to oxygen separation have
been developed, such as chemical-looping combustion (Ishida et al., 1996) and the AZEP concept
(Griffin et al, 2005). Chemical looping combustion (CLC) is similar to the sorbent-based oxygen
production method discussed earlier; though here, the oxygen-carrying sorbent which typically is a
metal oxide would be contacted with a fuel, and that combustion takes place. Then the exhaust stream
contains only CO, and H,O, as in other oxyfuel schemes (Rubin et al. 2012).

1.2.3 Pre-combustion capture

The pre-combustion capture method refers to the capture of CO, prior to combustion. The fuel
(natural gas/coal) is converted to syngas (CO + H,, by means of steam reforming/partial oxidation
/auto-thermal reforming/gasification). The resulting syngas undergoes water-gas shift reaction where
CO, H, is formed, and then CO, is separated right before hydrogen-rich gas turbine fuel is sent to
combustor of the power plant. Figure 8 depicts a schematic of pre-combustion CO, capture.
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Figure 1-8: Schematic of pre-combustion CO, capture

There are numerous pre-combustion configurations found in the literature (Sekar et al, 2007, Bouallou
et al., 2007, Ertesvag et al., 2005, Lozza et al. 2002 a, b). This method is a viable option for the
integrated coal gasification combined cycle (IGCC) plants, and applicable to all integrated
gasification systems where hydrogen is the final syngas product, such as integrated gasification fuel
cell system (IGFC). Among the technical solutions developed for CO, capture from natural gas fired
power plants, Eide and Baily (2005) described pre-combustion based on different available reforming
technologies. The conversion, net electrical efficiency, thermodynamics, reliability and operability
and economic analysis of various natural gas pre-combustion combined cycle power plants was
assessed. The demonstration of such power plants has yet to be performed (Amann et al. 2009,
Ertesvag et al. 2005, Hoffman et al. 2009, Lozza et al. 2002 a ,b, Nord et al. 2009, Romano et al.,
2010). These cycles need lower energy requirements for CO, capture process and are less expensive.
However, their total low power plant efficiency makes them less competitive with the amine
absorption post-combustion capture from natural gas fired power plant.

1.3 Thesis scope of work

As mentioned in chapter 1.1.1, power plants burning natural gas as fuel produce lower CO, emissions.
Also switching from coal to natural gas, results in higher efficiency power plants. Yet, the majority of
studies focus on CO, capture plants integrated with coal-fired power plant. And detailed assessment
of the integration of the optimized CO, capture plants with natural gas fired power plants needs to be
performed. Hence, the current thesis is focusing on post-combustion chemical absorption for natural
gas-fired combined cycle (NGCC) power plant.

Since the most widely-studied solvent for CO, capture chemical absorption processes is MEA, it was
decided to use a 30% MEA solution in all of the simulations. A base case process configuration and a
number of alternative process configurations were investigated with the same solvent
material/aqueous solution concentration. The thesis includes analysis and comparison between several
chemical absorption process configurations integrated with NGCC.
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1.4 Thesis objectives

The main objective of this thesis is to evaluate, quantify and justify improved design of power
processes with post-combustion CO, capture using thermodynamic analysis on various chemical
absorption process configurations.

The thermodynamic evaluation of the processes gives insight to the detailed distribution of process
irreversibilities and supports the state-of-the-art process configuration with the lowest energy penalty
due to addition of CO, capture to the power plant. Specifically, the thesis objectives were listed as
below:

e Develop optimized process modifications of CO, capture chemical absorption integrated to
NGCC with low energy consumptions and reduced power energy penalty

e Detailed understanding of various penalties associated to different CO, process modifications by
performing first law of thermodynamics analysis

e Quantification of the irreversibilities occurring in different parts of the CO, processes and
comparing those for various process modifications.

o Identification of the irreversibilities associated with the integration of power plant with various
CO, capture configurations by performing second law analysis

1.5 Thesis outline

This thesis comprises 5 chapters including 3 papers which analyse different process configurations of
chemical absorption post-combustion CO, capture for natural gas fired combined-cycle power plant.
Chapter 1 of this thesis introduces the motivation and a general background of CO, capture methods
and the viable options for post-combustion CO, capture of natural gas fired power plants. Chapter 2
gives the technical background, subsystem description of the post-combustion chemical absorption for
the NGCC power plant and the various chemical absorption process configurations analyzed in this
thesis. Chapter 3 describes the ground definitions and methodologies used for the thesis work.
Chapter 4 summarizes the results of the thesis, including power plant efficiency analysis and exergy
analysis of the models. Chapter 5 details conclusions and main thesis contributions. It also includes
the further suggestions for the future work to be carried on.

1.6 List of papers

. Paper 1

Amrollahi, Z., Ertesvag, 1. S.,Bolland, O.,2011. Thermodynamic analysis on post-combustion CO,
capture of natural-gas-fired power plant. International Journal of Greenhouse Gas Control, 5, 422-
426.

A chemical absorption, post-combustion CO, capture unit is simulated and an exergy analysis has
been conducted, including irreversibility calculations for all process units. By
pinpointing major irreversibilities, new proposals for efficient energy integrated chemical absorption
process are suggested. Further, a natural-gas combined-cycle power plant with a CO, capture unit has

been analyzed on an exergetic basis. By defining exergy balances and black-box models for plant
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units, investigation has been made to determine effect of each unit on the overall exergy efficiency.
Simulation of the chemical absorption plant was done using UniSim Design software with Amines
Property Package. For natural-gas combined-cycle design, GT PRO software (Thermoflow, Inc.) has
been used. For exergy calculations, spreadsheets are created with Microsoft Excel by importing data
from UniSim and GT PRO. Results show the exergy efficiency of 21.2% for the chemical absorption
CO, capture unit and 67% for the CO, compression unit. The total exergy efficiency of CO, capture

and compression unit is 31.6%.

Author’s contribution: Zeinab Amrollahi conceived the concept of the paper, run the simulations. She
interpreted the results and made the conclusions in cooperation with other authors. Zeinab wrote the
paper with comments from other authors.

. Paper 2

Amrollahi, Z., Ertesvag, 1. S., Bolland, O.,2010. Thermodynamic analysis of a Post Combustion CO,
Capture Process. Proceedings of ECOS 2010, 4, 133-139

A chemical absorption, post-combustion CO, capture unit is simulated and an exergy analysis was
conducted, including irreversibility calculations for all process units. With pinpointing major
irreversibilities, new proposals for efficient energy integrated chemical absorption process were
suggested. Moving further to the whole natural gas combined cycle plant with a CO, capture unit, it
has been analyzed on an exergetic basis. By defining exergy balances and black-box models for plant
components, investigation has been made to determine effect of each component on overall exergy
efficiency. Simulation of chemical absorption plant was done using UniSim Design software with
Amine Property Package which maintains thermodynamic data. For overall power plant design, GT
PRO software (Thermoflow, Inc.) was used for simulation of a natural gas combined cycle. For
exergy calculations, spreadsheets were created with Microsoft Excel by importing data from UniSim
and GT PRO. By pinpointing major irreversibilities, new proposal for energy-efficient integrated
chemical absorption process is suggested. Results show that for current chemical absorption plant, the
exergetic efficiency compared to the reversible separation work lies between 15% and 22%.

Author’s contribution: Zeinab Amrollahi conceived the concept of the paper, run the simulations. She
interpreted the results and made the conclusions in cooperation with other authors. Zeinab wrote the
paper with comments from other authors.

. Paper 3

Amrollahi, Z., Nord, L.O., Ertesvag, I. S., Bolland, O.,2010. Identifying areas for improvement and
development in a pre-combustion CO, capture cycle. Conference paper. GHGT-10.

This paper discusses the thermodynamic efficiency of an integrated reforming combined cycle
(IRCC) process as one of the proposed pre-combustion CO, capture processes. By simulating an
IRCC plant with CO, capture, for thermodynamic evaluation, exergy of streams and irreversibilities
were calculated. The exergy analysis of the system, pinpoint major irreversibilities and exergy losses.
Simulation of the IRCC plant with CO2 capture was done using Aspen Plus software. For gas turbine
and steam cycle design, GT PRO software (Thermoflow, Inc.) was used. For exergy calculations,

12



ExerCom software (JACOBS consultancy) was used to calculate the exergy of streams and
irreversibilities of each unit operation. To decrease the exergy losses in the gas turbine combustor,
fuel pre-heating up to 500°C, would decrease the gas turbine irreversibility up to 11%. Additionally,
preheating the inlet streams to the auto-thermal reformer would be beneficial in decreasing its exergy
losses.

Author’s contribution: Zeinab Amrollahi conceived the concept of the paper. She got access to an
available Aspen plus simulation for IRCC with CO, capture and run the main simulations; then
compiling the results to Exercom software helped in finding out the exergy results. She interpreted
the results and made the conclusions in cooperation with other authors. Zeinab wrote the paper with
comments from other authors.

. Paper 4

Amrollahi, Z., Ystad, P. A. M., Ertesvag, 1. S., Bolland, O., 2012. Optimized process configurations
of post-combustion CO2 capture for natural-gas-fired power plant — Power plant efficiency analysis.
International Journal of Greenhouse Gas Control, 8, 1-11.

Carbon dioxide was removed by chemical absorption processes from the flue gases of natural-gas-
fired combined-cycle power plant. The main challenge of chemical absorption processes is reducing
the energy requirement. The paper discusses the selection of most important parameters necessary to
obtain 90% capture ratio and the lowest energy consumption for the CO, capture and compression
plants. The integrated capture processes with power plant were evaluated by using the net power-plant
efficiency. Several chemical absorption process configurations were analyzed and the design
parameters were compared for the different cases. The findings show decreased reboiler energy
consumption for the Base case chemical absorption process configuration with 3.74 MJ/kg CO, to
2.71 MlJ/kg CO, for the modified chemical absorption process configuration of lean vapor
recompression with absorber inter-cooling. The net power plant efficiency with CO, capture and
compression was increased from 49.4 percent (LHV) for the Base case chemical absorption process to
50.2 percent (LHV) for the chemical absorption process with absorber inter-cooling and lean vapor
recompression. The power output reduction due to CO, capture and compression was decreased from
48 MW for the Base case chemical absorption process to 42.5 MW for the case with absorber inter-
cooling and lean vapor recompression.

Author’s contribution: Zeinab Amrollahi conceived the concept of the paper, run the simulations. She
interpreted the results and made the conclusions in cooperation with other authors. Zeinab wrote the
paper with comments from other authors.

. Paper 5

Amrollahi, Z., Ertesvag, 1. S., Bolland, O., 2011. Optimized process configurations of post-
combustion CO, capture for natural-gas-fired power plant - Exergy analysis. International Journal of
Greenhouse Gas Control, 5, 1393-1405.

Several chemical absorption CO, capture process configurations were analyzed and compared
according to their associated exergy losses. The total work demand was decreased from 1.39 MJ/kg
CO, for the Base case chemical absorption process configuration to 1.23 MJ/kg CO, for the modified
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chemical absorption process configuration of lean vapor recompression with absorber inter-cooling
(best case). Considering the minimum work requirement of separation processes, the exergy
efficiency of capture and compression plants was increased from 31.6 percent for the Base case
chemical absorption process to 35.6 percent for the best case. Respectively, irreversibilities were
reduced from the 1.60 MJ/kg CO, for the Base case to 1.29 MJ/kg CO, for the case with absorber
inter-cooling and lean vapor recompression. The rational efficiency for the natural-gas-fired combined
cycle power plant with CO, capture and compression shows an increase from 48.5 percent for the
Base case chemical absorption process configuration to 49.5 percent for the best case.

Author’s contribution: Zeinab Amrollahi conceived the concept of the paper, run the simulations. She
interpreted the results and made the conclusions in cooperation with other authors. Zeinab wrote the
paper with comments from other authors.

1.7 Detailed working process

The findings of this thesis work would be based on the results of research papers one to five
(Appendix A).The core of this thesis is to use thermodynamic analysis on various chemical absorption
process configurations to evaluate, quantify and justify improved design of power processes with
post-combustion CO, capture. The thermodynamic evaluation of the processes gave insight to the
detailed distribution of process irreversibilities and supported the state-of-the-art process
configuration with the lowest energy penalty due to addition of CO, capture to the power plant. These
have been fulfilled through the following steps;

1.7.1 Base case development

The first step was to simulate the base case chemical absorption integrated to the reference NGCC,
and optimize it to reach the goal of highest power plant efficiency i.e. the lowest energy penalty due
to the addition of CO, capture plant. The base case optimized process configuration was achieved by
numerous parametric variations and the optimization target was toward the reduction of reboiler
energy consumption and the total work demand of the CO, capture plant, and the highest net power
plant efficiency. As described in paper 1 and 4, the UniSim process tool was chosen for chemical
absorption process simulations (developed by, Honeywell, 2008) and GTPRO (developed by
Thermoflow, 2009) was chosen for power plant model. Further on, exergy analysis has been used to
obtain insight for the irreversibilities occurring in the base case chemical absorption plant and overall
exergy balance calculations was used to identify the overall exergy efficiency for the base case
capture plant integrated to NGCC power plant. The findings from this step were used as a reference
case for comparison in assessing other process configurations that are addressed in this thesis (Papers
2,4 and 5).

1.7.2 Process modifications

As the next step, it was necessary to explore and investigate several process modifications with lower
energy consumptions and consequently reduction in the power energy penalty due to addition of
capture plant. Process configurations as described in papers 2 and 4 were developed and their
integration to the power plant was investigated. Parametric variations were performed to reach the
optimized processes; optimization target was toward the reduction of reboiler energy consumption
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and the total capture plant work demand, and the highest net power plant efficiency. It should be
noted that the different models were consistent in terms of boundary and input/ output conditions they
utilized; this resulted to achieve a consistent comparison of the performance of different process
modifications. Further on, here again, exergy analysis was used to detect and demonstrate the changes
of irreversibility rates in the main process sections for various process configurations (Papers 2 and
5). Moreover, overall exergy analysis was performed to identify the irreversibilities associated with
the integration of power plant with various CO, capture and compression processes. Particularly, the
second law of thermodynamics was used as a tool to evaluate and quantify the reduction of energy
penalty associated with CO, capture for each process modification. The results of this step is used to
conclude on the combined first and second law analysis on CO, capture processes for NGCC power
plants as tabulated in papers 4 and 5.

1.7.3 A pre-combustion case

A combination of power plant (1*' law) and exergy analysis (2" law) have been used to investigate a
pre-combustion reforming combined cycle (IRCC) process with chemical absorption CO, capture
plant. (Paper 3) By using exergy analysis, the major irreversibilities and exergy loses were pinpointed.
The findings from this paper gave ideas for reducing exergy losses as well as increasing the power
plant efficiency.

1.7.4 Achievements

As described step-wise in previous sections, the following actions have been performed in the current
thesis to fulfil the objectives stated in chapter 1.4.

e Optimization of base case chemical absorption process (Papers 1, 2, 4 and 5)

e Developing modified chemical absorption process configurations that yields to distinct
improvement in power plant efficiency (First method available in the toolbox, referring
Figure 1-9) Results are tabulated in Papers 2 and 4.

e Assessment and comparison of the proposed process configurations using exergy method (2™ law
of thermodynamics, Referring Figure 1-9). Results are tabulated in Papers 1, 2 and 5.

e Understating and insight to the irreversibilities in the chemical absorption process by exergy
analysis. Results are discussed in Paper 5.

—— -
[Toolbox consisted: Absorberintercooling
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Case | thermodynamics ;
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Figure 1-9: Schematic method description for the current thesis
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2 Post-combustion CO, capture;
description of sub-systems

The post-combustion CO, capture process is a downstream process to the power plant which involves
the removal of CO, from the flue gases of the power plant by means of different separation principles

such as physical/chemical absorption, adsorption and solid sorbents, membrane separation and
cryogenic separation. The sub-systems in the current CO, capture analysis are defined in this section;

2.1 Natural Gas Fired Combined Cycle Power Plant

A Natural gas fired combined-cycle power plant consists of one or more gas turbine generators
equipped with heat recovery steam generators and a steam turbine which enhances the efficiency of
electricity generation. The heat from the gas turbine exhaust is captured through heat recovery steam
generator (HRSG) and steam is produced which powers a steam turbine (ST) generator to produce
additional electric power.

Bypass stack Flue gas to stack

VUV [—

Heat Recovery Steam Turbine

Steam Generator 7
—
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@ Condenser
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Pump

Combustor

—

Compressor Turbine

Figure 2-1: Schematic of the operation of natural gas fired combined cycle power plant

Air at atmospheric condition is compressed in the compressor to the range of 10-35 bar; pressurized
air enters into a mixture with fuel and undergoes combustion. This results in turbine inlet
temperatures as high as 1300-1400 °C. Through the turbine, the expansion process of gases takes
place in a few stages and the energy conserved in hot gases leads to power generation. The gas turbine
exit temperature is typically in the range 550 — 640°C.
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2.1.1 Combined cycle thermal efficiency

Generally, for any thermodynamic process that involves heat transfer and work generation
(consumption), the fraction of the heat input that is converted to net work output is a measure of the
performance. This ratio is called thermal efficiency and defined as below:

Net work output

™ "Heat supplied

Specifically for a combined cycle efficiency is determined from:

P..+P,

_ 26t "fst _PAUX

n : :
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According to the above formula, the net natural gas fired power plant efficiency (LHV based) shall be
calculated as:
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Combined cycle power plants currently entering service can convert about 50 percent of the chemical
energy of natural gas into electricity (HHV basis). The net electric power efficiency of a NGCC is
typically in the range of 55% to 60% LHV-based (Kehlhofer et al., 2009). Compared to simple cycle
gas turbine power plants, combined cycles have higher efficiencies, which are related to use of heat
available from the GT exhaust gas. Additionally, combined cycles are characterized by low initial
cost, high reliability, operational flexibility, quick part-load starting, suitability for both base-load and
cyclic operation, and relatively low carbon dioxide emissions. Combined cycle power plants employ
more than one thermodynamic cycle; Brayton cycle for the gas turbine and Rankine for the steam
plant. Hereafter, key design parameters and equations expressing the total work and efficiencies are
presented for both of the cycles.

Th: Heat source from
combustion

Ti: Heat sink ,
ambient

Nc=1-Ti/Th

Brayton Cycle, Gas
Turbine

Rankine Cycle, Steam
turbine

Rankine Cycle, Steam
turbine with reheat

v

Figure 2-2 Combined Cycle Power plant on T-S diagram
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2.1.2 Gas Turbine

The efficiency of the Gas Turbine (GT) is highly dependent on the inlet temperature (TIT) and
pressure of the gas entering the turbine. The former is constrained due to formation of more NOx at
higher combustion temperatures and gas turbine blade construction materials. However with more
effective cooling and better materials, TITs as high as 1490°C for industrial gas turbines are achieved.
Compressor pressure ratio will also affect the GT power output. Among the state of the art gas
turbines, GE H system turbine exploits pressure ratio of 23:1; Alstom’s turbines have operated with a
pressure ratio of about 30:1 (Bolland, 2009).

It should be noted that the ambient temperature, affects both the GT compressor work and the fuel
consumption. A decrease in ambient temperature increases both specific power output and cycle
efficiency although the cycle efficiency is less affected than the power output (Sarvanamuttoo et al.,
2001).

One main parameter in GT performance is the fuel supplied to the combustion chamber which in our
case is natural gas. Critical properties such as Wobbe index, chemical composition and compounds
are the key factors which is defined and set for a GT fuel. The Wobbe index that is an indication of
interchangeability of fuels is actually the correct representation of the heating value of natural gas
arriving, from the gas line, at the orifice where the appliance (burner) is located. And the compounds
of the natural gas are restricted according to the hydrogen, higher hydrocarbons (>C3), hydrogen
sulfide and mercaptans concentrations.

2.1.3 Steam cycle; HRSG and steam turbine

The HRSG generates steam using water by utilizing GT exhaust gas heat. The flue gas from the
HRSG is sent to stack. The generated steam drives a steam turbine and shaft power will be produced.
The steam turbine exhaust goes to the condenser. The condensed water is pumped back again to the
HRSG.
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Figure 2-3: T-H diagram for dual pressure combined cycle plant (Bolland, 2009)
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T-H diagrams present the gas and steam conditions in an HRSG. The enthalpy rise of the steam
compared to the feed water inlet is equal to the enthalpy drop of the exhaust gases entering the HRSG.
Higher efficiencies will be achievable by designing the steam cycle with dual and triple pressure
cycles with reheat because the average temperature difference, at which heat is transferred, is
decreased. For these cycles, the steam will be produced at three different levels of high pressure (HP),
intermediate pressure (IP) and low pressure (LP) in HRSG in corresponding boilers- HPB, IPB and
LPB, superheated in corresponding steam drums (HPS, IPS, LPS) and sent for further expansion to
the corresponding turbine sections HPT, IPT and LPT.

A low gas turbine exhaust temperature leads to less steam being produced in the HRSG. In a
combined cycle, if the compressor pressure ratio is increased to get higher GT efficiency, that will
then counter-effect the steam cycle efficiency and may lead to drop in overall efficiency. In practice,
industrial gas turbines working with compressor pressure ratios around 15, gives exhaust gas
temperatures 550-600°C, which is suitable for both simple and combined cycle applications. Another
attempt to increase the temperature of exhaust gases entering the steam cycle is to introduce
supplementary firing. This will be fruitful for increasing peak loads for certain periods, but will affect
the capital cost and size of the plant (Sarvanamuttoo et al., 2001).

2.1.4 Steam Extraction for CO; capture plant

For the post-combustion capture plant, an important interface is the steam extraction from the steam
turbine or the HRSG in order to supply heat for solvent regeneration. If the heat demand is supplied
by steam extraction from the HRSG, in order to provide enough steam that must be extracted from all
three pressure levels. This leads to a large exergy loss because the process conditions (temperature
and pressure) of IP and HP steam are higher than what is required for solvent regeneration. For the
chemical absorption CO, capture plant with MEA, the temperature of the solvent in the reboiler
should be in the range of 120°C - 122°C due to degradation problem (Section 2.2.2.1). This defines
the supply temperature of the steam to the reboiler to be at least 130°C at saturated conditions
considering 10°C as the differential temperature approach. The pressure of this saturated steam
corresponds to 2.7 bar. Therefore, the steam supply conditions to the reboiler should stay above the
aforementioned. For this thesis work, the steam at 4 bar and 145°C is determined for the supply to the
reboiler in order to cater for piping pressure losses between the steam turbine and CO, capture plant.

To maintain the steam with mentioned process condition to the reboiler, the extraction point from ST
will be higher than 4 bar. At these conditions, the steam could be extracted from the crossover pipe
before the low pressure (LP) turbine cylinder. The steam expanded in the IPT flows through the
crossover pipe, is mixed with LP steam produced in the HRSG and expands further in the LPT.

When extracting superheated steam from the IP/LP crossover, it should be saturated with water
injection and will be supplied to the reboiler at the exact temperature and pressure that is required for
the regeneration process. The steam condition changes are illustrated in Figure 2-4.

The change in the operating conditions of both IP and LP turbine is disadvantageous due to lower
power generation in the steam turbine. Some manufacturers utilize LP crossover throttle valves to
regulate the extraction steam pressure. An LP crossover extraction valve can adjust the extraction
pressure, which allows for more efficient operation in part-load conditions (Karimi, 2011).
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Figure 2-4: Illustrative T-H diagram showing steam conditions from the extraction point (No. 1) to the
reboiler supply point (No. 4). The de-superheating water (No. 2) which is injected to the superheated
steam to decrease the temperature, has the following conditions: 134.8 bar, 145.3 °C, 8.28 kg/s, 620.4
kJ/kg

The other option for providing steam employs the steam extraction from the LP boiler drum which
provides steam at a temperature and pressure closest to what the solvent regeneration process needs.
However, in this case the mass flow of steam will be not sufficient for the purpose of solvent
regeneration. The main effect of this steam extraction is the loss of steam turbine power output and
plant efficiency loss. This will be explained later in this section.
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2.1.5 Power penalty

A steam turbine steam extraction imposes a power production penalty. This penalty can be quantified
using a-value, which is the ratio between the power output reduction of the power plant due to steam
extraction and the equivalent heat acquired from the extracted steam to provide the reboiler heat
requirement;

_ })ppWO-extr - })ppW-extr . h
o= s QReboiler - mst( stin
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where 71, denotes the steam mass flow extracted from the steam turbine and supplied to the reboiler,
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is the enthalpy of steam to the reboiler and 4
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The turbine power output will vary dependent on where in the steam cycle steam is extracted. If the
steam was not extracted, it could alternatively have been expanded in the steam turbine. While
increasing the extraction steam pressure, turbine power output will be decreased. According to
Figure 2-5, steam extraction pressure grows more rapidly versus saturation temperature for higher
pressures. This means for steam extraction at higher pressures and fixed condenser pressure, the slope
of changes to a-value is less than for lower extraction pressures. In the other words, the small change
in extraction pressure has a greater impact on the lost power generation for low pressures compared to
at higher pressures.
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Figure 2-5: o-value mapping diagram as a function of steam extraction temperature and pressure (after
Bolland et al., 2003)

The condensate pressure returning to steam cycle, also affects the net power plant output. For a
constant reboiler duty, the higher the condensate pressure, the lower would be the power loss due to
extraction. This is shown in Figure 2-5.
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Furthermore, as Figure 2-5 depicts, in case of low steam extraction pressure the a-value is low and
with that the power generation penalty of extracting steam from the turbine is small. The steam is
therefore preferably extracted at lowest pressures possible within the conditions for the simulation.

2.2 Amine chemical absorption processes
2.2.1 Technology status

CO, removal by absorption and stripping processes with aqueous amine solution is a well-established
and widely-defined technology. Many plants nowadays remove CO, from natural gas, hydrogen or
other gases with low oxygen content. A number of technology suppliers currently offer commercial
amine-based processes; Fluor Daniel Econamine FG Plus process with 30 wt% MEA concentration,
the KEPCO/MHI KM-CDR based on proprietary sterically-hindered amine-based solvents (the KS
series), the ABB/Lummus Kerr-McGee process with 15-20 wt% aqueous MEA solution, the Aker
Clean Carbon with aqueous amine solutions, the Cansolv CO, capture system with tertiary amine and
promoter, the HTC Purenergy Process with mixed amines, Babcock and Wilcox OptiCap process
based on blend of existing solvents (probably amine-based) and other chemicals, Toshiba newly
developed amine-based carbon capture system and the Hitachi amine based capture process (Herzog
et al. 2009) .

To date, four coal-fired power plants (up to 43 MW) have ABB commercial flue gas CO, capture
units. Fluor Daniel and MHI have current commercial capture facilities at three natural gas-fired
power plants and they offer commercial guarantees for post-combustion capture at coal-fired power
plants as well. The currently operating Lummus systems employ a solution of 20 percent MEA in
water, while the Fluor systems use a solvent with a 30 percent amine concentration. More than 10
plants use KS-1, a proprietary hindered amine, with flue gases produced by combustion of clean fuel.
Several demonstration capture projects for coal-fired power plants are on their way to completion
during recent years in Canada, Germany and USA (Mills, 2012).

The largest demonstration facility for testing and improving post-combustion CO, capture
technologies for natural gas-fired power plant is the CO, Technology Centre Mongstad (TCM) in
Norway. It verifies two CO, capture technologies of Alstom chilled ammonia (80,000 ton/year CO,)
and Aker Clean Carbon amine-based capture (20,000 ton/year CO,). Flue Gases to the capture
processes are delivered either from a Residue Catalytic Cracker (RCC) and Natural Gas Combined
Heat and Power (CHP) plant with 350 MW heat and 280 MW electricity output. Higher amine
concentrations are beneficial in reducing the energy penalty of CO, capture since there is less water in
the solution that has to be pumped and heated in the regeneration process. Capital cost also is reduced
since higher amine concentrations lead to smaller equipment sizes. On the other hand, amines such as
MEA are highly corrosive, so higher amine concentrations require chemical additives or more costly
materials of construction to prevent corrosion. Tradeoffs among these factors underline some of the
differences in capture system designs offered by different vendors. The systems and solvents currently
offered commercially by Fluor (Econamine FG+) (with energy consumption ~ 3.0 MJ/kgCQO,) and
MHI (KS-1) (with energy consumption = 2.8 MJ/kgCQO,) suggest reductions of roughly 20-25 percent
in capture energy requirements relative to conventional system designs using MEA (Jansen et al.,
2008).
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2.2.2 Conventional chemical absorption process

An absorber is a process equipment where an absorbent (solvent) flows countercurrent to a gas stream
for the purpose of removing one or more constituents (absorbate) from the gas stream. Most absorbers
are vertical with the liquid entering at the top and the gas at the bottom. The amount of the contact
that must be provided in this absorber tower depends on the system, the relative flow rate of the gas
and the solvent and the concentrations involved. Solvent in this study is aqueous Monoethanolamine
(MEA) and the absorbate is CO,. The process flow diagram of a conventional chemical absorption
plant is shown in Figure 2-6.

Flue gas enters the bottom of the absorber column and flows upward through the absorber, counter-
current to the solvent. CO, gets into reaction with solvent (MEA) and is transferred from the rich gas
to MEA. The dry gas which is mainly O, and N, and H,O leaves the top of the absorber column to a
scrubber for further separation of H,O. At scrubber H,O is removed from dry gas and returned to the
H,0O cycle in the absorption system. Lean MEA enters on the top tray of the absorber, flows
downward and picks and reacts with CO,. Rich MEA leaves the bottom of the absorber column,
passes through a heat exchanger with increase in flow temperature and flows to the top of the stripper.
In stripper, heat is added to around 120°C and CO, is removed from the overhead of the stripper; here
the driving force for separation of CO, from the solution with MEA is the partial pressure difference
and the stripping heat that is delivered by the stripping vapour which is moving upwards in the
stripper column. This stripping vapour is generated in the reboiler that exchanges the latent heat of the
LP steam provided from power plant to evaporate the water and CO, from the solution with MEA.
The hot lean MEA is recycled from the bottom of the stripper to the top of the absorber via the heat
exchanger. Additional cooler may be used to cool down the solvent to lower temperatures (40-70°C).
At the top of the stripper column, the gas goes to the condenser where the steam condenses and CO,
exits for several stages of compression (Kohl et al., 1997).

CO; is soluble in the water itself, however for industrial application, amines and other organic
solvents are chosen due to greater CO, solubilities. Hot potassium carbonate solutions that react with
dissolved CO, to form potassium bicarbonate are among the traditional solutions for removal of CO,.
However, amine systems are favoured for industrial systems (Kohl et al., 1997). Flue gas mixtures
from NGCC, inherit near-atmospheric pressures, therefore aqueous solutions with amines (in our case
MEA) is deployed for CO, removal.

The main variables to control the absorption process are the solvent circulation rate and the amount of
vapour-liquid contact; the main variables for controlling a stripper with a given feed composition and
condition at fixed pressure are the temperatures at the top and bottom of the column, the feed location
and the amount of vapour-liquid contact. Also the concentration of CO, in lean MEA (lean solvent
loading) is a key parameter for design an efficient CO, absorption process (Kohl et al., 1997).

The parameters affecting solvent circulation rate of MEA are the partial pressure of CO, in the flue
gas and the lean solvent loading. As mentioned earlier, the performance of absorption process will be
improved by increasing the solvent circulation rate and/or decreasing MEA lean loading. However
increasing solvent circulation rate leads to higher reboiler duties and these two parameters are subject
to tradeoff once designing the process.
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Abu Zahra et al. (2009) performed a parametric study on the effect of changing CO, lean MEA
loading on solvent circulation rate. CO, lean MEA loading was varied to find the optimum solvent
loading for a minimal thermal energy requirement. Additionally, MEA circulation rate was varied to
achieve the same CO, removal capacity. From the results of this study it’s clear that the thermal
energy requirement decreases with increasing lean solvent loading until a minimum energy
requirement is attained, however this minimum point was achieved by increasing the solvent
circulation rate. This shows the complex effects of these parameters once aiming for lowest thermal
energy requirement.

Furthermore, CO, loading is another key parameter that specifies the amount of CO, absorbed in
molecular form by the solvent. In the current study it was defined as the ratio of CO, mole fraction
and MEA mole fraction in the solution,

X
Loading = e
X

e
The main burden of an amine absorption post-combustion system to a power plant is the parasitic loss
of power. As discussed in chapter 2.1.4, LP steam is provided to the reboiler to transfer its latent heat
to the rich CO, solution, and strip the solution from CO, Furthermore, there is the demand of
electrical energy for flowing the gas and liquid fluids through the process by means of running blower
and pump(s). CO, compression system also imposes additional work demand to the total power
generation.

The main stream of research for chemical absorption post-combustion CO, capture focuses on novel
solvents that need less regeneration energy. The solvents will be reviewed in the 2.2.2.1, however the
thesis, exploits and elaborates various process modifications to the conventional absorption system.
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Figure 2-6: Standard process for post-combustion chemical absorption system with flue gas water-wash
system and CO, compression
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2.2.2.1 Solvents

Amines are water-soluble organic chemicals that contain reactive nitrogen atoms that react selectively
and rapidly with acid gases such as CO,, even at low partial pressures. Historically, use of MEA
(monoethanolamine) for acid gas removal was patented 1930s. Since then acid gas removal from
natural gas was the main stream for development of solvents specifically MEA.

Though MEA is the most popular amine used for flue gas cleaning, there are problems related to
corrosiveness which results in more expensive construction materials compared to potassium
carbonates, and volatilization and degradation of MEA. The problem of degradation shows itself more
in the presence of O, and SO,, which is the case for flue gases from power plants. To be able to solve
these issues, inhibitors are used to resist solvent degradation and equipment corrosion. Moreover, in
order to prevent severe degradation phenomena, fresh amine make-up should be injected from time to
time. On the other hand, the increased solvent circulation rate, leads to larger equipment size and
increased regeneration energy.

As mentioned earlier, the considerable amount of heat requirement to strip CO2 from MEA solutions
leads to parasitic loss of power when integrating a CO:2 capture system to a power plant. This
motivated researchers to improve and develop alternative reactants other than MEA (Bonenfant et al.,
2003) and/or mixed solvents that require less heat of regeneration.

Alkanolamines are divided into three different categories, primary amines such as MEA, secondary
amines such as diethanolamine (DEA) and tertiary amines such as s methyldiethanolamine (MDEA)
and TEA. Tertiary amines are interesting since they have high capacity for CO, absorption and low
heat of absorption due to enhanced bicarbonate formation. This leads to lower solvent circulation rates
and less thermal energy requirement for regeneration. (Yang et al., 2008) However, low rates of CO,
absorption make them infeasible to use for CO, capture unless the absorption rates could be increased.
This could be achieved by using mixed amines such as MEA/MDEA solution instead of a single
MEA (Idem et al., 2006) or using promoted MDEA by the additive piperazine (PZ). Piperazine has
higher volatility than MDEA and limited solubility in water, but considerably accelerates CO,
absorption rates and offers energy savings up to 15% (Oyenekan, 2007).

Hindered amines such as 2-amino-2- methyl-1-propanol (AMP) are known to have high cyclic
capacity, which means that they bind more CO, per molecule than other amines such as MEA and the
reaction rates are much higher than of MDEA (Sartori et al., 1983). Hindered amines perform better
absorption in high CO, molar composition in flue gas, such as 8-15 % (Hook, 1997) which makes
them viable solvents for CO, capture from flue gases of coal-fired power plants. They have low
degradation and volatility but their major drawback is the lower reaction rates comparing to MEA
Investigations show significantly lower energy requirement and the larger size of the absorber column
for AMP. The low reaction rates of AMP could be improved by using accelerating additives such as
piperazine or piperidine or blending with other amines such as MEA or DEA (Abu-Zahra et al., 2009,
Adeosun et al., 2013, Dubois et al., 2013).

Kohl et al. (1997) mentioned that blended solvents with/ without activating ingredients gain attention
due to their high absorption and low regeneration energy requirement. For CO, absorption process
using MEA, steam consumption is the major parameter as a result of high heat of reaction of MEA
with CO,. Therefore using amine blends with high concentrations such as 40-50% is recommended,
given the fact the water present in the solution will be less and consequently less heat is needed to
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vaporize the water regenerate the solvents. Moreover, mixed amine solvents can lead to lower
circulation flow rate which means smaller equipment size and eventually less capital investments and
operating costs required. A solution consisting of tertiary and primary amines or tertiary plus
secondary amines such as MEA-MDEA or DEA-MDEA combine the high reactivity of primary or
secondary amines with high capacity and low heat of absorption characteristic of tertiary amines;
consequently, the heat requirement and absorber size will be decrease. The amine concentrations
could be tuned to achieve the desired CO, removal percentage for a specific process configuration
(Aroonwilas et al., 2004&2007, Lawal et al. 2005, Rodriguez et al., 2011).

Alternatively, other amine blends such as MEA-PZ and MDEA-PZ have suggested as solvents for
chemical absorption process. Results show addition of PZ considerably accelerates CO, absorption
rate and allows use of lower MEA concentrations that leads to lower thermal energy requirement for
regeneration (Dang et al., 2003, Closmann, et al., 2009).

MEA solvent with concentration of 30 wt% is the most usual solvent for CO, removal as reported by
Kohl et al. (1997) and in this thesis work is the solvent employed for chemical absorption processes.

2.2.3 Process modifications

The modifications to conventional system are numerous in the literature. There are various
modifications that involve the absorber column, stripper column, heat integration between the
columns and heat integration between absorption and compression plants. Cousins et al.(2011)
reviewed a majority of process modifications that was found in the literature for chemical absorption
CO, capture from exhaust gases of the power plants.

The attempt of changes to the conventional process described in section 2.2.2 is to decrease
irreversibilities which are mainly large driving forces for the separation. This is employed by dividing
the large driving forces into smaller portions, and distributes it evenly in the process to move toward
more reversible processes.

Several of these process modifications have been explained in the following sections:

2.2.3.1 Absorber inter-stage cooling

In summary, the concept behind this configuration is to release the heat of absorption and reduce the
solvent temperature at the absorber bottom. The driving force of the absorption process is defined as
the difference between equilibrium and operating loading of CO, in the solvent. Inter-stage cooling
causes a temperature reduction of the solvent, which is in favour of higher driving force for the
absorption process and increases the absorption capacity of the solvent, i.e. solvent rich loading.
Consequently, the solvent circulation rate and reboiler energy requirement is decreased.

As mentioned earlier, chemical absorption of CO, with 30% MEA solvent, achieves the highest rates
of mass transfer in the range of 40-60°C (Aroonwilas et al., 2001). Because of the exothermic nature
of absorption reaction, there is an overall increase in the temperature of the solvent in the absorber
column; vaporization of water present in the solution has a slight effect on this temperature increase.
This temperature increase leads to lower solvent viscosity and higher mass transfer coefficients,
which favours the kinetics of the chemical absorption reaction. Reversely, this temperature increase
due to the nature of the absorption reaction, impairs the thermodynamics of the absorption reaction by
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decreasing its driving force (the difference between CO, equilibrium and operating loading) and
decreasing the solvent absorption capacity i.e. CO, loading (Leites et al., 2003). These two counter-
effects are competing in an absorber. To control the temperature in the conventional absorption
process, the lean amine is cooled down before entering the top part of the column; also the flue gas
temperature is cooled to around 40-45°C before entering the bottom part of the absorber column.
However, there are in general no means of temperature control in the middle parts of the absorber
column.

The aforementioned is the motivation for developing absorber inter-stage cooling configurations.
Several authors such as Rochelle (2003), Chang et al. (2005) and Tobiesen et al. (2008) have
investigated configurations with inter-stage coolers. Aroonwilas et al. (2007) patented a configuration
with inter-stage cooling for the bottom part of the absorber to enhance the CO, loading and heating in
the upper section of the column to improve the mass transfer rates. Due to the higher attainable rich
loading and reduction in the solvent circulation rate, the stripper reboiler duty can be decreased.

Absorber inter-stage cooling has been assessed as one of the main process configurations in the
current thesis. The process is based on cooling at the bottom part of the absorber where CO; loading in
the solvent is high. The inter-stage cooling leads to lowering the equilibrium CO, partial pressure in
the solvent and consequently increasing the driving force of the absorption of CO, to the solvent.

The modification to the conventional case as illustrated in Figure 2-7 is to extract semi-rich stream
from the lower part of the absorber, cool via inter-stage cooler down to 25 °C and recycle it to the
absorber column. All other process units and conditions are identical to the base case. The flow rate of
side-draw stream to the cooler, the cooling temperature of the side-draw stream and the location of
side-draw stream have been subject to optimization to approach the less reboiler duty compared to the
base case.

Caoler 1
Lean Pump COyto

Condenser Compression
Scrubber
Rich!
LeanHX | 5 L _____|
Inter-stage @ A e N B,
Cooler —
Reboiler

Rich Pump

Figure 2-7: Process configuration of chemical absorption with inter-stage cooling
2.2.3.2 Split-flow

In summary in split-flow process assessed here, which is illustrated in Figure 2-8, rich amine leaving
the absorption column is split into two streams. Here, the amount of rich amine which enters the
bottom section of the stripper is reduced meaning less heat is required to remove CO, from solvent to
reach same CO; lean loading as of conventional configuration. Recycling of a semi-lean amine from

32



stripper to the absorber via a cooler, acts as inter-cooling for the absorber column that increases the
loading of solvent in the bottom of absorber. This semi-lean amine which enters the bottom half of the
absorber column, is capable of reacting with majority of CO, while the rest of the flue gas is exposed
to lean amine returned to the top of the absorber.

The split-flow configuration for chemical absorption processes (Figure 2-8), was first suggested by
Shoeld (1934), developed by number of pioneers such as Thompson et al. (1987) and further analysed
by Kohl et al. (1997) to reduce steam consumption of solvent regeneration. In the research paper by
Aroonwilas et al. (2006), the authors pointed out 35% energy saving in reboiler duty for 95% CO,
capture ratio. However, they pointed out the need of trade-off between the energy cost and the
additional capital investment cost since the impact of complexity of the process on the investment cost
should not be neglected.

In this configuration, which is analysed and studied in papers 2, 4 and 5, the rich amine leaving the
absorber is split between two feed points to the stripper. One stream enters the top of the stripper and
leaves it from the middle point and returns to the middle of the absorber. The other split stream enters
the bottom of the stripper and leaves it towards the top of the absorber. Since less amount of rich
amine enters the stripper bottom section, the solvent is stripped to the same CO, loading with lower
energy consumption. Moreover, semi-rich amine enters the absorber column at 25 °C and cools the
absorber column which is in favour of absorption process and was discussed more in Section 2.2.3.1.

The key parameters that are subject to optimization in order to achieve less reboiler duty are the split
flow fraction, the feed tray of the second split to the stripper, the flow rate and the feed location of
semi-rich amine that returns to the absorber, the CO, molar fraction in lean solution and the condenser
temperature.

Comparing to the aforementioned split-flow configuration, there are suggested modifications
suggested by different researchers. Tower et al. (1997) suggested modifications; first to control the
composition of the side-stream including a second reboiler on the side draw which boils off enough
water to maintain the concentration of solvent in this stream matching with the lean stream leaving the
bottom of the stripper. The second modification is to design the stripper to create optimum conditions
for regenerations; i.e. to return the condensate to the column a few stages above the rich stream feed
to the stripper and then removing the condensate from the stripper to prevent it from flowing
downwards. They claim this will reduce condenser duty and partially strips the condensate. With
these modifications, they reached 70% less energy requirement for the stripper compared to
conventional split-stream configuration. However it should be mentioned that their acid gas removal
absorption/stripping process is performed for a high-pressure flue gas which has different nature than
flue gases coming a NGCC ( atmospheric pressure , ~ 4% CO,) .
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Figure 2-8: Conventional split-flow absorber-stripper arrangement

2.2.3.3 Lean vapour recompression (LVR) model

The principle for LVR is that by process modifications, it is possible to utilize a low temperature heat
source in order to add exergy input in the form of steam to the stripper column and thus reduce the
reboiler duty (Woodhouse et al., 2009). In summary, the steam will be extracted from the lean amine
leaving the bottom of the stripper column, recompressed and reintroduced to provide surplus steam
for stripping CO, from solvent. Alternatively, the recompressed steam could be condensed and the

heat of condensation could be utilized as additional heat source to serve the reboiler.
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Figure 2-9: Thermodynamics of the LVR cycle. The shaded area represents the heat which steam releases

through its phase change from superheated vapour to saturated liquid.
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In the current thesis work, steam is extracted from the lean amine solution leaving the stripper. By this
modification, the sensible heat of the hot lean amine at the bottom of the stripper is recovered in the
form of latent heat of the steam. Here, the lean solvent is flashed over a flash valve and separated in a
flash tank into a gaseous phase (comprising mainly of water and CO,) and liquid which is the
regenerated MEA. The produced vapour is compressed and injected at the bottom of the stripper
column as the stripping media which is the steam at a low energy cost i.e. the compression work
compared to the generation of the same amount of steam in the reboiler.

The thermodynamics of the LVR cycle is illustrated in Figure 2-9. The lean amine solution goes
through flash evaporation. The saturated liquid stream undergoes a reduction in pressure by passing
through a throttling valve which is located at the entry into a flash drum so that the flash evaporation
occurs within the vessel. In throttling valve, the saturated liquid mixture goes through expansion
while entering multi-phase region and getting cooled due to Joule Thompson effect. Through flash
evaporation, water flashes immediately into vapour phase and the residual MEA is separated in the
flash drum. Thereafter, water vapour at saturated conditions goes through isentropic compression
resulting in a superheated steam which is sent to the stripper column. There, steam transfers both its
sensible and latent heat to the solvent as mentioned before.

There are several models presented in the literature on how to do vapour recompression. As stated, the
purpose of vapour recompression designs is to provide steam that is regained from the stripping
process as heating media to the reboiler. One of the alternative designs of the vapour recompression
model has been presented by Jassim and Rochelle (2006). In this design, the lean amine leaving the
stripper bottom is used to intercool the gaseous stream in the multistage compressor (except the last
two stages). The purpose of the design is to recover the heat of condensation of the overhead water
vapour and the sensible heat of hot compressed CO, stream leaving each compression stage to re-boil
the stripper. The results of this study show that the reboiler duty has been decreased by about 43%,
but the total work demand of the process stayed at the same level regarding the increased amount of
CO, compression work.

Another design, which was modelled and analysed in the paper 4 and 5, is a patent-based model
outlined by Reddy et al. (2007). This lean vapour recompression design is based on flashing lean
solution to generate the steam feed that is introduced to the stripper column via a compressor. The
compressor type is a thermocompressor or mechanical vapour recompressor (Minton, P. E., 1986).
The advantage of this design as claimed by Reddy et al. (2007) is that the water balance in the
stripping column remains unaltered, which is one of the main concerns in other vapour recompression
designs. A further modification to this model has been by presented by Woodhouse et al. (2009),
which integrates the usage of low temperature heat for generation of steam in various locations of the
stripper column

With vapour recompression as shown in Figure 2-10, the lean solution that is leaving the stripping
column, decreases its pressure through a flash valve to 1 bar and flashes through a flash drum to
produce a gaseous phase. This gaseous phase is composed mainly of water vapour, is recompressed
to 2 bar and reintroduced to the stripping column. Similar to the base case, the liquid phase from the
flash drum is cooled down by the rich solvent and returns to the absorber.
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2.2.3.4 Stripper modifications

Advanced stripper modifications are focused on improving process reversibility. Each of these
configurations applies heat and/or strips CO, in more steps using smaller heat and material driving
forces (Leites et al., 2003). By operating several columns and vessels at several temperatures and
pressures, stripping of CO, can be accomplished with much smaller driving forces, thus improving
process reversibility (Rochelle, 2004).

There are many configurations found in literature such as 1 or 2 stage flash, multi-temperature/multi-
pressure with/ without split feed, double matrix columns (Oyenekan, B.A. et al., 2007, Van Wagener,
D. H., 2011).

Multi pressure (multi-flash) stripper design (Rochelle, 2004, Oyenekan, 2007) is an extension to
vapor recompression process modification that has been discussed in 2.2.3.3, which attempts to
reduce the regeneration energy requirement. The stripper column is divided into a few stages, each
operating at different pressure. Vapour -as the stripping medium- from lower pressure stage is
recompressed and send to an upper stage with higher pressure. The liquid solvent flashes as it moves
to the lower pressure stages toward the bottom of the column. Since a good portion of the stripping
medium is provided by various steam injections through different stages, the reboiler duty is
decreased around 20% (Oyenekean et al., 2007). Another impact on the total work requirement is the
reduced CO, compression work due to higher pressure CO, released from the stripper column.
However, the drawback of this concept is the increased steam compression work along the various
stages of the stripper column.

Inter-heated stripper column (integrated lean/ rich heat exchanger to striper column) was suggested by
Leites et al. (2003) to reduce the solvent regeneration energy requirement. They state that since the
equilibrium and operating condition are closer together along the length of the stripper, the exergy
consumption will be decreased. The same concept was modelled by Oyenekan (2007) where he found
the regeneration work requirement (including CO, compression) is reduced to 17% less than of a
conventional stripper.
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Fluor also acquired a number of patents on the implementation of advanced configurations, including
a lean vapour recompression as described in 2.2.3.3 (Reddy et al., 2007).

The main process modifications that are analysed in this thesis are the absorber inter- cooling, the split
flow, lean vapour recompression and combinations absorber inter-cooling with the two other
modifications.

2.3 COz compression plant

The CO, gas that is released from top of the stripper should be dehydrated and compressed to be
ready for transportation and storage. The compression process consists of several stages with limited
pressure ratios with heat exchangers to cool the CO, stream (intercooling). After each compression
stage, the temperature of the compressed CO, is cooled using a heat exchanger (intercooler) in order
to reduce the net work required by each stage.

The final delivery conditions (temperature and pressure) are based on the scenario that is chosen for
CO, compression process. For pipeline transport, it is normally required that the pressure is over the
critical point. This is due to the fact that the CO, specific volume at supercritical conditions is
substantially smaller compared with values in the gas phase.” Furthermore, at supercritical pressure,
the density of CO, stream is higher than that of gaseous CO, and a higher density is favourable when
transporting liquid CO,, as it is easier to move a dense liquid than a gas (Romeo et al., 2009 & Wong,
2005).

Drying is an important step due to pipeline corrosion and hydrate formation in the presence of liquid
water in the stream. Some of the CO, compression plants include intercooling and dehydration units
while some other suggest equipping every intercooler with a condensate trap to avoid the inlet of
water droplets in the next compressor stage. Recent studies focus on integration of heat sources
available from intercooling of the compression stages. This heat integration is either with the steam
power cycle to provide energy for feedwater preheating (Romeo et al., 2009) or to provide low grade
heat source to heat up the boiler condensate leaving the power cycle condenser (Lucquiaud et al.,
2011). Furthermore, this heat integration is possible toward the stripper column; the latter concept
considers lean amine leaving the bottom of the stripper column to intercool CO, compression stages.
Here, most of the compressor work and the water vapor form the top of the stripper is converted to
heat used by the reboiler (Rochelle, 2003).

| |
| |
| |
CO; from | /Q\ /Q\ | Liquid
captur L /N\ e /\ ! CO; to
plant | \J/ U \_/ N \Z | pipeiie
| |
| |
} Compressor Intercooler Compressor Intercooler Pump }

Figure 2-11: Schematic representing CO, compression plant with intercooling (Wilcox, 2012)

Typically, a 3-4 stage reciprocating compressor with individual cylinder for each stage is required
with cooling between the stages. The compressor is used to compress the CO, to typically 90 bar, at

% Gaseous phase CO, Specific volume (1.013 bar and 25 °C): 0.5532 m*/kg
CO, Specific volume at critical point (73.77 bar and 30.98 °C): 0.0021 m*/kg
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which it reaches supercritical liquid condition; further on CO, will be pumped to typical transport
conditions of approximately 10-15 MPa (100-150 bar). A schematic representing a CO, compression
plant is shown in Figure 2-11.

CO, compression work is dependent on compressor efficiency, pressure ratio, CO, inlet temperature
and extent of compression intercooling. Another important factor in defining the required work of
CO, compression is the initial pressure of CO, released from the stripper column . The higher this
pressure is, the less work is required to compress the CO, to the final delivery pressure. This implies
that increasing regeneration pressure in a CO, capture process reduces the efficiency penalty imposed
by the CO, compression plant.

2.4 Efficiency of combined Cycle with CO: capture

When the chemical absorption CO, capture and compression plants are integrated into a power plant,
there are several associated power losses at different points of the process which will affect the power
plant efficiency. The net power plant efficiency for a power plant with capture system can be
calculated based on the following expression (Bolland, O. & Undrum, H. 2003):

ES% C E% oCf ES%Cf

r@m,m@ch r@m,heaz comp
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a ;‘/—/
b c d

Term a, shows the efficiency of natural-gas fired power plant without any CO, capture. Terms b, ¢
and d are the efficiency penalties due to integration of CO, capture plant. These energy penalties are
related to mechanical work demand of blower and several pumps/compressor in the capture plant
(term b in net power plant efficiency formula), the steam turbine power reduction due to steam
extraction to provide the reboiler steam-demand for the stripper column (term c) and the mechanical
work demand of the compressors to compress captured CO, to a certain transport/injection pressure

(term d). E. €O, (MJ/kg CO,) is the mechanical energy for running the pumps and blower. Blower

rem,mech
work is provided to cater for the pressure drop of the exhaust gases in the absorption column;

EC02

volumetric flow rate of the exhaust gases also affect the blower work. Also, E,,.7 .cc

n includes the
work consumption by few circulation pumps in CO, capture process; the pump work is totally
dependent on the volumetric flow rates and the pressure drops in various process equipments. Here C
is used as a mass conversion coefficient between 1 mole of combusted fuel and 1 mole of produced

CO, which is 44m, E€%?

rem,heat

(MJ/kg COy) is the heat required for atmospheric stripping of CO, from
the solvent which is as explained in 2.1.5 is the reboiler duty (Qgrepoiter)- f defines the CO, capture ratio
which is the fraction of CO, that is separated from the flue gas. Ef;),flp (MlJ/kg CO,) nominates the

power requirement for compression of CO, in efficiency expression.
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3 Methodology

3.1 Simulation of MEA chemical absorption process

Many commercial softwares are used for simulation of post-combustion CO, capture plant, such as
UniSim Design, Aspen HYSYS, Aspen Plus (RadFrac,Ratesep), Protreat, ProMax, CHEMCAD,
CHEMASIM (Developed by BASF) and EBSILON Professional. For power plant simulations
(design, off-design and part load) strong tools such as GT PRO/MASTER and STEAM
PRO/MASTER, THERMOFLEX, PEACE, EBSILON Professional, IECM (developed by CMU and
EPP for DOE/NETL) and ThermosysPro (developed by EDF R&D) are available. Other in-house
simulators such as CO2SIM, is developed by SINTEF and NTNU. Some of these softwares, such as
EBSILON Professional, can be used for both power plant and chemical absorption simulations, while
most of others need either to be linked through interface managers such as ELINK, excel sheet or
individual program codes to extract the data from one software (mostly power plant simulation
software) and revert them to the main simulation worksheet (such as UniSim Design, Aspen HYSYS
or Aspen Plus).

Different modelling tools are based on the variety of thermodynamic models, component and mixture
properties and plant data packages. The aforementioned is also combined with different approaches in
computational models. The extent of accuracy and complexity of each of these modelling tools are
defined by the choice of abovementioned parameters. Also, transferring the results from one
simulation tool to another, demands precise investigation of the similarity and accuracy of the
thermodynamic model and component assumptions for both of the software. Moreover, while
simulation tools offer generic solutions for specific problems, the importance of data validation
affects the reliability of the simulation results.

3.1.1 Thermodynamic model;

The properties of components in solutions are dependent on temperature, pressure and component
activities in the solution. These variables are themselves depending on molecular interactions taking
place in multi-component solutions. Therefore, thermodynamic models are acquired to predict
molecular interactions.

3.1.1.1 Phase equilibrium

The vapour-liquid equilibrium of CO,/MEA solution in water can be expressed by empirical models
as the function of concentrations of CO,, amine and temperature at equilibrium conditions. There are
available experimental vapour-liquid data for amine systems in literature such as the results from Jou
et al. (1995). Empirical models also are developed to correlate relations for equilibrium solutions.
Kent and Eisenberg (1976) predicts phase equilibrium data for CO, in MEA solution by using values
for Henry’s constants and equilibrium constants for water/carbonate/bicarbonate to fit with
experimental data (@i, 2012) . For phase equilibrium calculations, Henry’s law constant has been used
for prediction of CO, in aqueous phase. The fugacity coefficient of the molecular species of gas phase
components was calculated by the Peng-Robinson equation of state (Peng and Robinson, 1976). The
prediction of chemical equilibrium constants involve the simultaneous solution of a set of non-linear
equations that describe the chemical and phase equilibrium and the electroneutrality (charge balance)
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and mass balance of the electrolytes in the aqueous phase. A modified version of the Kent-Eisenberg
model (Li et al., 1993) is used in Amine property package in Aspen HYSYS and UniSim Design.
Other empirical model for vapour-liquid predictions of CO, in MEA solutions have been developed
by Gabrielsen et al. (2005). Li-Mather (1994) developed a similar model by acquiring electrolyte-
Margules model from Clegg and Pitzer (1992).

3.1.1.2 Activity-coefficient-based models

Excess Gibbs energy-based activity coefficient models provide thermodynamic framework to model
thermodynamic properties of aqueous electrolyte systems, including aqueous alkanolamine systems
for CO, capture. Based on the Debye-Huckel theory and the Guggenheim equation, Deshmukh et al.
(1981) developed a model with activity and fugacity coefficients. Austgen et al. (1989 & 1991) and
Posey (1996) developed a set of thermodynamic models based on the electrolyte-NRTL model by
Chen et al. (1982 & 1986) to correlate CO, solubility in aqueous amine solution; these models assume
the local composition around a molecule is influenced by the interactions of this molecule with its
environment i.e. electrolyte solutions. They describe the VLE by utilizing Henry’s law constants and
different models using large number of parameters to fit with experimental data. Hoff et al. (2004)
developed other semi-empirical model based on the Chen-Austgen model that determines activity
coefficients as function of CO, concentration.

3.1.2 Mass transfer model;

Specifically, for chemical absorption with MEA there are two different approaches in simulating the
process; equilibrium based models (Unisim Design, Aspen HYSYS) versus rigorous rate-based
models (Aspen plus, Protreat) for the mass transfer phenomena.

3.1.2.1 Equilibrium model

This approach considers that the mass transfer through column occurs at successive equilibrium stages
considering both vapour and liquid phases are individually well mixed. Taylor et. al (1993) defined
MESH equations which includes material balances, equilibrium expressions, summation and heat
balances to model the equilibrium stages. Chemical reactions can also be introduced on the stages for
the reactive absorption by defining various ranges of Hatta number to determine effectivity of reactive
absorption (Kenig et al., 2003).

On each stage, a perfect equilibrium is achieved, so that the liquid phase flowing to the lower stage is
in equilibrium with the gas rising to the upper stage; the concept is simple and has been widely used
in simulation softwares. However, it should be noted that thermodynamic equilibrium is rarely
achieved and separation takes place due to the mass transfer between the vapour and liquid (Taylor et
al., 2003). A simple way to improve the ideal stage calculation in a traditional process simulation
program is to use Murphree efficiencies for a specific packing height. HETP (height equivalent to a
theoretical plate) is used to adjust the number of real stage in tray or packed columns (Kenig et al.,
2009). Since the mass and heat transfer limitations are neglected, the model is closer to ideality. Main
characteristic of the softwares using these is the robustness in the convergence of the calculation (91,
2012).
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3.1.2.2 Rate-based model

In this model, the reactive absorption is considered with mass and heat transfer limitations. To
perform rate-based mass transfer calculations, it is required to solve the extended Maxwell-Stefan
multi-component mass transfer equation to determine inter-phase transfer rates by estimation of mass
and heat transfer coefficients and interfacial areas. ASPEN RateSep, the rate-based mode of RadFrac
allows for the rate-based modelling of absorption and desorption columns. It acquires the two-film
theory and allows for film discretization which is useful to get an accurate concentration profile in the
film for fast reactions. It also combines the film equations with separate balance equations for the
liquid and vapour phase, diffusion and reaction kinetics, electrolyte solution chemistry and
thermodynamics (Kothandaraman, 2010).

3.1.3 Current work

In the current thesis work, CO, capture using MEA chemical absorption and CO, compression is
modelled with UniSim Design software (Honeywell), which contains the Amines Property Package.
This special property package has been designed to aid the modelling of alkanolamine treating units in
which CO, is removed from gaseous streams. In this property package, a non-equilibrium stage model
which is based on the stage efficiency concept is used to simulate the performance of absorber and
stripping columns. This non-equilibrium stage model is a function of kinetic rate constants for the
reactions between CO, and MEA, the physical and chemical properties of the amine solution, the
pressure, temperature and the mechanical tray design variables. The modelling details and the basis of
the simulations of UniSim Design are summarized in paper 4.

In this thesis work, which involves overall energy and exergy calculations and balance, it was chosen
not to use rigorous rate-based mass transfer models to simulate the CO, capture plant due to the
following reasons:

o Comparison between various process configurations; an extensive knowledge of design
correlations (e.g. physical properties, kinetics, hydrodynamics and mass transfer) is necessary
for simulation and design of a full-scale CO, capture plant using rate-based models.
Therefore, the models are more complicated and their robustness is significantly affected by
the accuracy of the required information in the model. Moreover, the choice of design
parameters has a significant impact on the mass and energy balance in the CO, capture
process (Razi, 2013). However, the nature of the current thesis work is to focus on simple and
robust modelling for various process configurations and performing energy and exergy
balances on a CO, capture system. The equilibrium-based approach is simpler and more
robust, and allows for a much higher number of case calculations. The choice of equilibrium-
based modelling does not affect the trends of the results for many cases compared in the
current work.

o In the current thesis work, energy and exergy balance for CO, capture systems are made and
the efficiencies are compared for various cases. The main input to the energy balance over a
chemical absorption CO, capture process is the heat requirement for regeneration of MEA.
According to the recent claims (Leonard, 2013), the equilibrium-based approach
underestimates the heat requirement, however the deviations have not been quantified and
verified compared to experimental results. It is not obvious whether an equilibrium-based or
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rate-based calculation of CO, removal is most accurate method in terms of prediction of heat
requirement for regeneration of MEA. As well as it is not demonstrated that differences in
equilibrium models influence much on the parameter calculations (@i, 2012). In fact, the
strength of the rate-based calculation is depending on accessibility to a more accurate detailed
description and design of the process. Karimi (2011) compared the simulation results of
Unisim and ProTreat (which is a rate-based process simulation tool). His findings show less
than 1% difference between the results of two different modelling approaches. A future
incentive for the current work would be to validate the results of the current process
simulations versus the experimental data and assess and document the potential deviations.

3.2 Exergy analysis

The exergy method of evaluating energy-intensive systems integrates the first and second laws of
thermodynamics at the state of specific ambient conditions. Exergy analysis, with its specific method
of process evaluation, has proven to be an efficient tool to define the second law performance of
processes. It combines the principles of conservation of mass and energy together with the second law
of thermodynamics to characterize the thermodynamic losses associated with each unit of a system.
Hence, it enables to identify losses and to make improvements of energy consumption. This is an
advantageous method to approach the goal of more efficient processes since it specifies the locations,
types, and real magnitudes of irreversibilities, either being reduced or dissipated.

The exergy of a stream can be divided into physical exergy and chemical exergy. The physical exergy
equals the maximum reversible amount of work obtainable when the stream of substance is brought

from its actual state to the environmental state defined by F, and 7 (Szargut et al., 1988) by physical

processes involving only thermal and mechanical interaction with the environment. Assuming that
potential and kinetic energy can be neglected, it is expressed as:

g, =(h=h)=T;(s=s,) 1

where /1 and s are the specific enthalpy and entropy, respectively, and # =k (T, P) and s, =s (T}, P)

for the flowing matter.

The chemical exergy of a substance is the minimum work requirement to deliver it in the

environmental state (7, P,) from the environmental substances by means of processes involving heat

transfer and exchange of substances only with the environment. The standard chemical exergies of
various substances are given in the literature, e.g. Kotas (1995). The molar chemical exergy of an
ideal mixture is expressed as:

£, =Y.x%&, +RT,Y x, Inx, 2)

where x, and & are molar fraction and chemical exergy, respectively, of each component in the

mixture and R is the universal gas constant.
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The exergy loss of each individual unit can be calculated by finding the difference between the exergy
of input and output streams of a unit operation. To find irreversible losses in each unit operation, a
steady-state exergy balance can be used,;

meZQ,a—%):ngm/xu’ 3)

out

Here, m denotes mass flow rate, Q', denotes heat transfer rate, W;_denotes shaft work and / denotes

irreversibility rate. On the left-hand side, the first term in Eq. 3 denotes the flow of exergy into the
system and the second term denotes the flow of exergy associated with the inflow or outflow of the
heat transfer. The first right-hand side term denotes the flow of exergy out of the system.

Exergy analysis can be done when composition and thermodynamic properties of all streams are
available. For this purpose, UniSim simulation software was used to simulate the power plant and
CO, capture and compression processes.

To calculate the chemical exergy of each stream, the chemical exergy of MEA in liquid phase was
required. The value used in these calculations was estimated by the group contribution method
(Szargut et al., 1988) to 1.536 - 10° kJ/kmol. This method considers the contribution of simple
chemical groups in chemical enthalpy and exergy and it can be used when the chemical constitution
of the substance is known. MEA with molecular formula of C,H;NO has the group constituents

|
-CH, , -OH and -NH, and its chemical exergy was calculated accordingly. Furthermore, the

reference environment for exergy calculations was assumed at 7, =298.15 K, P, =101.325 kPa and the

reference composition as defined by Kotas (1995).

The aforementioned method of exergy analysis has been employed in Papers 1, 2, 3 and 5.
3.2.1 Exergy Losses associated to temperature change

Temperature variations in a CO, capture process are the results of heating and cooling. Cooling
process is the release of energy by the system whereas the heating process demands reception of
energy by the process. In both of these processes, the changes would affect the physical exergy of
streams. The irreversibility would be formulated as the following;

I=T,Q s, = s, Y. %)

M

out

3.2.2 Exergy Losses with Phase Change; premixing concept

The approach described here is according to premixing concept in which the separation process is
decomposed into three sub-processes: premixing in the vapour phase, premixing in the liquid phase
and the main process, where phase changes occurs. The great advantage of the premixing model is the
possible extension to processes with several stages such as stripping process. In this connection each
plate is described by a premixing model, where the output of the former plate represents the input of
the subsequent plate. It is assumed that the phase change takes place under conditions far from the
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feed streams and actually equal to that of the product streams (Ishida, et al., 1990). The gas inlet
stream is assumed to be mixed with large amount of the excess outlet gas stream with same
composition, temperature, and pressure as those of the outlet gas stream coming from the main
process. This condition between the two process parts can be kept by assuming an exchange of heat
between the two process parts. A similar premixing process is assumed for the liquid inlet stream,
resulting in constant process temperature and pressure for the main process. Consequently, the two
premixing processes for the vapour and liquid stream, respectively and the main process, where only
phase change takes place, can be examined independently. With the premixing concept, the
evaporation of light components and condensation of heavy components with different bubble/due
points happen simultaneously, but can be separated so that exergy losses of each contribution are
obtained. The current chapter theoretically reviews the exergy losses attributed by subcomponents in
the premixing concept by rigorous equations.

Ligquid phase Gas phase
A j jin (511 k-1,0ut)

1 4 Tikin Priin/

.. Rp ik out
Premixing {=ng,j,k—l,in) {Tg.k.outs Pg.k.out)

ngjom] (T1pms Plpm) ]
Evaporation: y]
Phase change
i Condensation: y2
—I (Tr‘pm, Pg,pm) Mg j,pm
(ﬂ.#.mlte Pikout)

i jex

g jex

’Efi,k.out ) Premixing
=M} k+1,in
Mgk in |

(=11g,j s 1,0ut) (Tgkin: Pgkin)

Figure 3-1: Premixing model for a plate (Budiman et al., 2004)

3.2.2.1 Mixing of the Liquid Phase

The following describes the approach to build the enthalpy and entropy balance around the Figure 3-1
for the premixing of the liquid phase (Taprap et al., 1992, Budiman et al., 2004);

Liquid coming in:
—_ . o
H, =2, b,
i

_ o
S, = Z ny, (s, —R-Inx,)
i

Excess liquid stream fed back to the premixing process:
H,, =20, .
i
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Liquid stream out from the premixing process:

p— . o
H,, =2,
1

pm ot
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Enthalpy balance and entropy balance:

AH

L

:HLM_(HL +H, )

premixing excess in

AS, =5, =S, +5§,)

premixing pm ‘excess in

Changes in temperature and changes due to mixing of streams with varying parameters of
temperature, pressure and composition, will contribute in exergy loss. Thus, individual expressions
are defined to relate both of these contributions respectively;

i =l +1

Lpremising mixing ,x

The first term of the above formula is the exergy loss due to changes in temperature and can be

written as;

. T T
I =0 ||1-—"|-|1-—0
b Q ( T;)ut j T;'n + T;)ut
2

The exergy loss caused by temperature changes in the premixing process for the liquid flow, is
equivalent to the difference of Carnot efficiencies with regard to the inlet, outlet and ambient
temperature. This efficiency indicates the fraction of maximum energy which can theoretically be
converted to work.

Imixingx 15 the exergy loss caused by mixing in the liquid phase; (Kotas, 1995)

Ines = RT, In(—
mixing,x OZnL,”,i : n( )
i

iout

3.2.2.2 Mixing of the Vapour Phase

The procedure applied to the premixing of the liquid phase can also be employed to the premixing of
the vapour phase. Here Tnixingx Will be replaced by Tmixingp: (Taprap et al., 1992, Budiman et al., 2004)

p i,in

I’mixing,p = R];)Z nGm,i ! ln( )

i,out
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Where p; is the partial pressure of the component. Imixing,p can be decomposed to;

mixing,p ~ ]mixing,P + Imixing,y

; Pl in
[mixing,P = nGm R];) z ln(i’)

iout

Viin

I'mixing,y = RT(’) Z nGm o ln( )

i,out

where Inmixing p 15 the exergy loss due to decrease in the pressure.

3.2.23 Phase Change by Evaporation and Condensation

In general, exergy losses caused by phase changes may be taken as the deviation of the output state
from the equilibrium and its analysis is carried out in the main process of the premixing concept,
shown in Figure 3-1. Gas separation involving phase changes are classified into evaporation of the
lighter components or condensation of the heavier components in a mixture with different freezing
points. These processes take place at constant temperature and pressure.

Based on the changes of partial enthalpy and partial entropy during phase change of each component,
the enthalpy balance for evaporation of one light component (i) is (Budiman et al., 2004);

(hg?,i - hZ,i)

evaporation i - 7/ evaporation i

_ o o
ASevapotion,i - 7evaporatian,i [(Si,G(m, -R ln pi,out) - (si,Lm,, -R ln xi,out )]

To ensure a system going through phase change in premixing concept, the temperature is maintained
constant which means (Budiman, et al., 2004):

D AH =0

To fulfil this, a heat source (for evaporation) or a heat sink (for condensation) is required,
respectively. Then the exergy loss for the phase change by evaporation is given by (Budiman, et al.,
2004);

[evapomtion,i

=-T(AS

evaporation i

+AS;)

When equilibrium for the evaporation process holds, the Gibbs free energy is zero, yielding (Smith et
al., 2005, Budiman, et al., 2004):

AG

evaporation i

(hg;,i - hZ,) - T[(SZG

equilibrium

=AH

evaporation i

o —
- R ln pi,equilibrium) - (Si,L - R ln xi,equilibrium )] - 0

‘equilibrium

—TAS,

evaporation i

=0

This relationship is then be used in order to obtain the final expression for the exergy loss by the
evaporation process (Budiman, et al., 2004):
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T;)[ln pi,equilihrium _ ln pi,out ]

evaporation,i — 7evaporafiun,i
xi Lequilibrium xf,()llt

The evaporation process is accompanied by a decrease in the liquid phase and simultaneously an
increase in the vapour phase. Therefore, the total pressure of the system will be higher after the
process.

3.2.3 Exergy losses associated with Chemical Reactions

In systems involving chemical reactions, often large amounts of energy are converted. Therefore,
information about concentration changes as well as exergy loss and gain contributions of each
reaction provide key information for improving the system performance as a whole. A further
criterion for improvement regarding chemical reactions is knowledge on the extent of deviation from
chemical equilibrium.

In these systems, exergy losses can be attributed to contributions caused by a concentration difference
and deviation from chemical equilibrium. That means, in the absence of driving forces, these specific
terms are zero. Based on the general representation of a chemical reaction,

aA+bB < dD +eE

the equilibrium constant is defined as (Smith, J.M., et al., 2005):

[ ]tqurlzbrmm[ ]cthhrlum
(B

[A]eqmllbnum

]eqmlzbrzum

[A], [B], [D] and [E] are concentrations of the chemical species in the system and the exponents, a, b,
d and e, represent the stoichiometric coefficients for the reaction. In a similar manner the ratio of
concentrations may be defined, which gives information about the extent of the chemical reaction and
the distance from chemical equilibrium (Ishida et al., 2004);

Again, these two values are equal when chemical equilibrium is reached. The enthalpy balance for the
overall process involving chemical reactions can be simply expressed by the difference in partial
molar enthalpies of the products and reactants. This quantity is dependent on the extent of reaction
leading to the inclusion of a reaction extension variable (Ishida et al., 2004). Therefore, the enthalpy
balance can be expressed as;

(dhS, +dh? — (ah’ +bh?))

reaction 7, reaction

with ... @ the extent of reaction. In combination with the stoichiometric coefficient, this

parameter provides information on the moles of a specific component consumed in the chemical
reaction under consideration.

51



The entropy change for the overall process including one chemical reaction is given by (Ishida et al.,
2004):

AS pi,uut

reaction ~ }/ reaction )

i,reaction

(ASU -R ll’l(K ')) - Z R- Ni,reaction,,, ’ ln(

iin

The exergy loss for a chemical reaction at constant temperature and pressure results in (Yamamoto et
al., 2000a, 2000b, Yamamoto et al., 2002):

—TAS

. T,
_ 0
[ - _(?)(AHreaction reactiun)
Similar to the main process in the premixing process the assumption of constant temperature and
pressure is maintained by introducing a heat source and sink as required (Yamamoto et al., 2000a,

2000b, Yamamoto et al., 2002). Thus, the exergy loss for a chemical reaction is obtained by;

Diin

/ K
1= _Z ni,reuctioy,m ‘R- TO : ln( ) + 7reaction ‘R- ];) ’ 11'1(?)

iout

The exergy loss accompanied by a chemical reaction may be also interpreted using the Gibbs free
energy relation. At chemical equilibrium the total Gibbs free energy reaches a minimum, and
therefore, its differential at constant temperature and pressure is zero. Consequently, a deviation from
chemical equilibrium can be equated with a work potential, which can theoretically be produced by
the process. Consequently, the exergy loss by chemical reaction can also be expressed by (Ishida et
al., 2004):

=-AG

reaction reaction

3.3 Minimum work requirement of separation processes

According to the second law of thermodynamics, the minimum work input required to accomplish a
process equals the work input if that process undergoes reversibly; this is the net exergy change, in
other words.

The work input for real irreversible processes is always higher than the work input of theoretical
reversible processes. By definition a reversible process can be reversed without leaving a net effect on
the surroundings. Therefore a work input during a reversible separation process must be equal to the
work output during the reversible process of mixing given the fact that separation process is not a
spontaneous process and it needs work to initiate. Therefore the work input to the separation process
can be expressed as;

W,, =AE"=—RT,> i Iny,=—n,RT,> yIny

rev

The current formula is based on the approach chosen by Cengel et al. (2006); here W is the W

rev min

(minimum work) required to completely separate a mixture of 7, kmole/s into its components. Thus
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the minimum work requirement of an incomplete separation of mixtures into components (for
example a case of 90% CO, capture with one pure stream of CO, and another stream with 10% CO,
and the rest of the exhaust gas components) can be determined by calculating minimum work required
for the separation process and minimum work output of mixing process of the rest of the components.
Figure 3-2 shows the desired separated CO, stream C (nc moles) separated from total n, moles of inlet
exhaust gas. The expression narrows down to;

W 7
'%4 = RTO(,',_BZJ’,-,B Iny,, _Zyi,A ny ) @
A i i

C ilcoz,c =1 Yco,.c = 1
’;li,A —>
A
i e SepSrg;tlon ’.lcoz,a = ’;ZCOZ,A 'ﬁcoz,c
ni . . .
n =Zr’:. B n,=n, 1#CO,
A i,A _> LB 8
i .
7.
. . . . i,B
ny = Zni,B =n,—nc Yip =
i Ny

Figure 3-2: Schematic illustrating an ideal separation unit

The minimum work relations are independent of any hardware or process therefore these calculations
are applicable for any kind of separation system including the subject of this thesis which is the
separation of CO, from exhaust gases of a power plant.

For case of partial separation of CO, from other gas components it is worthy to introduce the capture
ratio into the formulas.

n. = Reo, c
“q) .
“r Rco, 4

yCOZ ,A (1 - ncap)
— O
yCOZ,B 1 - yCOZ,A 'ﬂcap

i=CO,

These relations will reword Eq. 4 to a function based on exhaust gas molar flow rate, molar
compositions and CO, capture rate. It would be beneficial to mention mostly the minimum work
requirement is stated in the terms of MJ/kgCO,. Figure 3-3 shows the graphs of minimum work
requirement for CO, capture processes based on the incoming CO, molar composition in the exhaust
gas.
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Figure 3-3: Minimum work required for separation of CO, from exhaust gases. Flue gas pressure is
considered at 1 bara.

The graph shows, in case the CO, capture is performed thermodynamically perfect i.e reversible
processes, the work required to separate 90% of CO, from the exhaust gases of a NGCC PP (with
3.8% CO, in exhaust) would be 0.225 MIJ/kgCO,.This would be approximately 34% less in case of
90% capture from the exhaust gases of a coal-fired PP (with =14% CO, in exhaust).

As stated before, all mixtures are assumed to be ideal. That means each gas component is unaffected
by every other component in the mixture. However, for highly accurate calculations of actual gas
separation applications, real gas behaviour may have to be taken into account, meaning that a
separation process is accomplished by a change in its component properties. One way of including
this real gas behaviour is to use more exact equations of state instead of applying the ideal gas law.
This results in more complicated expressions for the minimum work requirement, where the deviation
between ideal gas and real gas treatment at low temperatures and pressures often is negligible.
Furthermore, the difference between the theoretical minimum work requirement and actual minimum
work requirement, where additional exergy losses have to be taken into account, is larger than the
gain by applying real gas behaviour instead of the ideal gas treatment. In fact, the minimum work
requirement during an ideal reversible separation process is identical to the maximum work output
during the ideal reverse mixing process. This is not valid for actual gas separation units. Therefore, it
should be noted that the developed expressions for the minimum work requirement of gas separation
units can be used for theoretical considerations and as a reasonable approximation.
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3.4 Minimum work requirement of compression processes

As stated by Kotas (1995), the minimum work requirement of compression between two pressures
corresponds to a frictionless isothermal process at environment temperature (T,). Under conditions of
full reversibility, internal and external, the work input equals to the ideal minimum work requirement.
Therefore exergy balance is lead to;

rev
C

W :[WJ = E¥ _E™ =RT,In(P,/ P)

3.5 Total work requirement of CO; capture plant

The total work demand for a chemical absorption plant comprises of the electrical work demand of
the pumps and blower to run the fluid through the process, the supply of shaft work to the
compression plant and the work equivalent amount of reboiler heat supply. As mentioned in 2.1.5 and
2.1.6, the steam that is extracted from turbine with the purpose of MEA regeneration in the stripper
could potentially produce work in the steam turbine. This power plant lost output work is less than the
heat content of the steam because not all of the heat content of the steam could have been converted to
power;

P

ppW-extr =a- QReboiler

VK;(/ = f:)pWO—extr
The reboiler heat duty is comprised of a) the sensible heat supply to raise the temperature of the rich
amine fed to the stripper to reboiler temperature, b) the heat of desorption equivalent to that of CO,
absorption reaction to reverse the absorption reaction and c) heat of water vaporization to produce
steam as the stripping media which maintains driving force for transfer of CO, from liquid phase to
gas phase.

QReboiler = Qsenxible + Qreaction + Qvaporization

_ m rich 'CP,rich '(T;ich - T;tripper ) AH mw[r AH
QReboiler - . + abs,CO, + . - vap,H,0
m CO, m Co,

The base case of 90% CO, capture from NGCC combined cycle power plant that has been defined
and analysed in detail in paper 1 and 4, is studied here to investigate the total work requirement. In
order to determine the work requirement equivalent to regeneration heat supply, the steam extraction
from power plant and the condensate from the reboiler have been determined at conditions defined in
Section 2.1.4. At these conditions, the steam flow rate to be supplied to the reboiler is calculated by
UniSim Design (Paper 1 and 4). The condition of steam and condensate as well as the mass flow rate
of the steam is an input to GT PRO to evaluate the power plant output considering the steam
extraction for solvent regeneration. The new power output i.e. Pypw—_extr Will be subtracted from
P

P
reboiler heat duty and equivalent work based on the CO, content of the flue gas entering the chemical

pwo—extr and defines the work equivalent amount of reboiler heat supply. Figure 3-4 shows the

absorption plant. The design parameters of the process are elaborated in papers 1 and 4.

55



38 - == Reboiler duty

§ r

é_ F === \\Work 0.94 §
2 3.8 . L
S X equivalent 2
3 5 092 &
S 3.7 £ g
N~ r o
~ L (&)
3 L 090 o
2 3.7 4
= F =
B >
=3 r —_
2 36 088 =
© r RO [}
E) 3.6 0.86 g_
ks) L o
] r X
o 3.5 — 1 084 BO

0.025 0.05 0.075 0.1 0.125 0.15

CO, molar fraction in flue gas

Figure 3-4: Primary vertical axis (left) indicates the reboiler duty for MEA regeneration. The secondary
axis (right) shows the power plant output power loss due to heat supply to reboiler. Flue gas pressure is
considered at 1 bara.

As Figure 3-4 shows, for higher CO, concentrations in the flue gas, the reboiler heat requirement per
kilogram of CO, captured is less. As a matter of fact, the reboiler duty [kJ/hr] will be increased clearly
since the solvent circulation rate increases to reach the same CO, capture percentage for each of the
flue gas CO, fraction points. However, higher CO, content in the flue gas results in a higher driving
force at the bottom of the absorber column, where the amine solution is the most loaded therefore the
rich loading of MEA will increase for higher CO, concentrations in the flue gas (Kothandaraman,
2010). A higher rich loading leads to lower heat of vaporization Quaporization Since the equilibrium
partial pressure of CO, increases with loading. On the other hand due to higher rate of MEA
recirculation, the sensible heat Qg sipie Will increase substantially which dominates the reboiler duty
[kJ/hr] for higher CO, concentrations in the flue gas.

Lean loading will be fairly constant due to the fixed CO, concentration in the lean amine. The results
of the loadings and MEA circulation rate is presented in Figure 3-5 . It should be noted that for this
analysis the CO, percentage in the inlet flue gas has been changed and the other parameters are fixed
as referred to in Table 2 of paper 4.
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Figure 3-5: Primary vertical axis (left) indicates the loading of CO, in the solvent. The secondary axis
(right) shows MEA circulation rate.

Due to the increase in the solvent circulation rate, total pump work demand will increase
correspondingly. However, the work demand for blower and pumps per CO, separated will follow the
same descending trend as the reboiler heat per separated CO,. This is shown in Figure 3-6;

0.20

0.15 +

0.10 +

captured]

Blower +PumP work [MJ/Kg CO,

0.05 e L I B E—
0.025 0.05 0.075 0.1 0.125 0.15

CO, molar fraction in flue gas

Figure 3-6: The blower and pump work demand correspondent to the system analysed in detail in paper
1and 4

3.6 Thermodynamic efficiency (Exergy efficiency)
As discussed before, the actual work or “actual shaft work” is always higher than the theoretical
reversible work. For CO, capture and compression plant, the actual total work demand will include

the electrical power related to regeneration of solvent, pump and blower power requirements (the
compressor in LVR configurations), and the CO, compression work demand.
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Once the actual work demand is calculated, the thermodynamic efficiency can be calculated as the
ratio of minimum, reversible work required to actual work required in the process;
pVVEV

w

act

Vee =

This efficiency is an identification of the ratio between the work requirement of the theoretical
reversible process and the real irreversible process.

As presented in Figure 3-4, the trend of the changes of actual work demand along the x-axis is similar
to what is observed in Figure 3-3 for minimum work requirement of separation of CO,. However
there is a gap between these two due to irreversible nature of actual process. The following graph
(Figure 3-7) illustrates the thermodynamic efficiency of the Base case CO, capture plant (Paper 1 and
4).
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Figure 3-7: Thermodynamic efficiency of the CO, capture plant as a total and as breakdowns.

3.7 Rational efficiency

Another important value resulting from exergy analysis is rational efficiency, which is defined in
various formulations for different processes. In a general formulation, named as the rational
efficiency, it is expressed as the ratio of the useful exergy output to the total used exergy (Kotas,
1995). The exergy inputs and outputs are in different forms such as work, exergy associated with heat
transfer, exergy transfer associated with the flow of matter into and out of the control region or
change of exergy of a stream of matter passing through a control region such as heat exchangers.

_ z AEaut
v z AEin
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The rational efficiency differentiates between the desired output exergy and any other kind of outflow
from the system. This makes it a proper value to present the degree of thermodynamic perfection of a
process. In the current thesis work, two desired exergy outputs from the system are identified; the net
power output and the exergy of separated and compressed CO,. On the other hand, any stream which
is transferring physical and chemical exergy to the system, counts as exergy input stream. This is
consisted of the fuel exergy, water and solvent make up exergy and the cooling water exergy in
various parts of the process. The topic is elaborated in Paper 5.
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4 Conclusions and further work

The results of this thesis work are presented in research papers (Appendix A). Particularly, the
following breakdown refers to where the results could be found;

e Post-combustion CO, capture plant for NGCC: Various chemical absorption process
configurations have been assessed and optimized to achieve lowest reboiler duty. Heat and work
demand calculations and power plant efficiency results are presented in Papers 1, 2 and 4. The
proposed process configurations were analysed and compared using exergy method. These
findings, assisted in understating and insight to the irreversibilities in the chemical absorption
process. Results and discussions presented in Papers 1, 2 and 5.

e Pre-combustion CO, capture plant for NGCC: Combination of power plant and exergy analysis
have been used to investigate a pre-combustion reforming combined cycle (IRCC) process with
chemical absorption CO, capture plant. The results are presented in Paper 3.

4.1 Conclusions and main contributions

In summary, this research work involves comparing various CO, capture chemical absorption process
configurations. The following points summarize the main contributions of this thesis:

¢ Quantification of minimum work requirement for CO, capture and
compression processes

As the first step, the work input during a theoretical reversible CO, capture process has been defined
as the minimum work input required. Furthermore, the minimum work of compression of pure CO,
has been defined. These set the basis values for measuring the distance of the actual work requirement
for the real CO, capture plants and the theoretical ones. For the current thesis work, this minimum
work required to separate 90% of CO, from the exhaust gases of a NGCC power plant (with 3.8%
CO, in exhaust) would be 0.225 MJ/kgCO,. The minimum reversible work of compression of pure
CO; stream from 1.1 bar to 110 bar was calculated to 0.213 MJ/kg CO,.

¢ Review of various chemical absorption process configurations

Several process configuration improvements have been chosen for a base case chemical absorption
process for removal of acid gases; then elaborated in detail for the adaptation as a CO, capture plant
for separation of CO, from exhaust gases of the power plant. Six chemical absorption process
configurations for CO, capture were analysed, including base case chemical absorption with and
without absorber inter-cooling, chemical absorption with split flow configuration and chemical
absorption process with lean vapour recompression (LVR). These configurations have been all
combined with absorber inter-cooling. Various process parameters for the chemical absorption
process were chosen and optimized to fulfil the aim of lowering the reboiler duty and reduction of
total work demand. The findings are as listed below:

e The inter-cooling of absorber column in the chemical absorption process, leads to increased
solvent rich loading. Consequently, the solvent circulation rate and reboiler energy requirement is
decreased.
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e In split-flow configuration, due to splitting of the rich amine into two streams, the amount of rich
amine which enters the bottom section of the stripper is reduced. Consequently, less reboiler
energy is required to remove CO, from solvent to reach the same CO, lean loading as of
conventional chemical absorption process.

e In configuration of chemical absorption with lean vapour recompression (LVR), low temperature
heat source of the lean amine is utilized to add exergy input in the form of steam to the stripper
column and thus reduce the reboiler duty.

e Comprehensive breakdown of energy lost for various CO, absorption
processes

Various process configurations have been evaluated to optimize the overall efficiency of the NGCC
power plant integrated with a post-combustion CO, capture and compression plant. The best
optimized process with the lowest work demand was the configuration with absorber inter-cooling
with stripper lean vapour recompression. Comparing this case (LVR + absorber inter-cooling) with
the Base case, the power plant efficiency penalty decreased from 7%-points for the Base case to
6.2%-points. Table 4-1 summarises the power efficiency results for the studied cases.

Table 4-1 Summary of results for the NGCC with and without post-combustion CO, capture (natural gas
LHY input (MWy,) = 681.421).

Reference Ref.plant Ref.plant Ref.plant Ref.plant Ref.plant Ref.plant

power +Base +Absorber +Split +Split- +LVR +LVR with
plant Case inter- flow flow with absorber
without cooling absorber inter-
co, inter- cooling
capture cooling

Net power plant efficiency [% LHV] 56.40 49.35 49.53 49.67 49.96 50.06 50.16

¢ Relating methods of first law and second law analysis, which is obtained
by moving from first law to second law analysis

Following the first law analysis, which identified the total work demand for each of the CO, capture
chemical absorption configurations, exergy analysis was used to study and understand those results.
Exergy analysis assisted to examine the irreversibilities in various parts of the process and understand
how these attributed exergy losses led to differences in work demand for different process
configurations. Furthermore, the exergy efficiency of the plant has been calculated to characterise the
difference of the work input of theoretical reversible processes and the real irreversible processes.

Table 4-2 Exergy efficiency for different cases of CO, capture and compression plant.

Base Case Absorber Splitflow Split-flow LVR LVR with
inter- with absorber
cooling absorber inter-

inter- cooling
cooling
Exergy efficiency of CO, capture process [%] 21.3 219 22.6 23.6 24.5 25.0
Exergy efficiency of compression process[%] 64.3 64.3 64.3 64.3 64.3 64.3
Exergy efficiency of CO, capture and compression plant[%] 31.6 32.3 33.0 34.1 35.1 35.6
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Comparing the cases analysed in this work, the total work demand for the CO, capture and
compression plant was decreased from 1.39 MJ/kg CO, for Base case to 1.23 MJ/kg CO; for the case
of absorber inter-cooling with stripper lean vapour recompression. Considering the minimum work
requirement of separation processes, the exergy efficiency of the capture and compression plants was
increased from 31.6% for the Base case to 35.6% for the case of absorber inter-cooling with stripper
lean vapour recompression. The breakdown of the results for various cases is presented in Table 4-2.
The second law analysis confirmed the decreasing trend of irreversibility rates from 1.60 MJ/kg CO,
for the Base case to 1.29 MJ/kg CO, for the case of LVR plus absorber inter-cooling. The breakdown
of the irreversibility rates is presented in Table 4-3.

Table 4-3 Irreversibility [MJ/kg CO, separated] by unit sections for the CO, capture and compression
plant.

Base Case Absorber Split flow Split-flow LVR LVR with
inter- with absorber
cooling absorber inter-

inter- cooling

cooling
Flue gas cooler [MJ/kg CO,] 0.10 0.10 0.10 0.10 0.10 0.10
Blower [MJ/kg CO,] 0.03 0.03 0.03 0.03 0.03 0.03
Absorption section [MJ/kg CO,] 0.71 0.74 0.88 0.99 0.71 0.72
Rich/lean HE(s) [MJ/kg CO,] 0.02 0.02 0.02 0.01 0.11 0.11
Stripper [MJ/kg CO,] 0.60 0.54 0.38 0.24 0.26 0.19
Compression section [MJ/kg CO,] 0.14 0.14 0.14 0.14 0.14 0.14
Total [MJ/kg CO,] 1.60 1.57 1.54 1.51 135 1.29

e Second law analysis for interpretation of irreversibilities in process
configurations

Through exergy balance for every CO, capture process configuration, the exchange of exergy content
of material and energy streams was assessed and the following conclusions were made;

a) The inter-cooling process modification would increase the absorber irreversibilities but decreased
the stripper irreversibilities. The absorber inter-cooling modification was combined with other
modifications (split-flow and LVR) as an efficient method to decrease irreversibilities and the
total work demand.

b) The split-flow process modification led to a significant increase of absorber irreversibilities and a
major decrease in the stripper irreversibilities. Introducing cold semi-lean side-stream to the
absorber caused a significant increase in the absorber irreversibility. However, the total
irreversibility was reduced comparing the cases with split-flow to the Base case and inter-cooling
case.

¢) The LVR process modification decreased the irreversibility associated to the stripper substantially
and did not increase the absorber irreversibility. The water vapour heat of condensation was made
available in the stripper by compression of the steam to a sufficient pressure and temperature
level.

Rational efficiency was used to present the degree of thermodynamic perfection by differentiating
between the desired output exergy (exergy of pure compressed CO, stream and power plant net power

65



output) and any other kind of exergy outflow from the system. The results showed an increase in
rational efficiency from 48.5% for the power plant integrated with the Base case chemical absorption
process configuration to 49.5% for the modified chemical absorption process configuration of lean
vapour recompression with absorber inter-cooling.

The latter capture process was the best process with the lowest power demand, lowest irreversibility
and the highest exergy efficiency.

With performing exergy analysis on an IRCC pre-combustion CO, capture system, a rational
efficiency of 43.8% has been achieved which indicates the percentage of input exergy utilised for
work production by the power cycle in addition to the exergy of the pure compressed CO, stream. The
highest amount of irreversibility is contributed by the GT and mainly by the combustor. The
irreversibility which is inherent in the combustion process corresponds to a large fraction of original
exergy of the fuel. A suggestion of improvement to decrease the combustor irreversibility is to
increase the preheating of fuel supply to the combustor. With pre-heating the fuel up to 500 °C the GT
irreversibility was decreased by 11 %. The ATR was observed as the second largest contributor to the
cycle irreversibilities.

4.2 Future work

In the present study, exergy analysis was used to understand the effects of process configuration
modifications leading to improved performance. However, several other modifications -as listed
below- are triggered by the findings to further improve and optimize the current configurations.

a) As the inter-cooling individually and combination of inter-cooling with split-flow modification
pointed out, the increased rich loading was in favour of CO, separation process by increasing the
absorber driving forces. Thus increased rich loading led to higher absorber exergy losses, lower
reboiler work demand, lower stripper exergy losses and higher CO, capture exergy efficiency.
This, points towards process configuration modifications with several steps of inter-cooling along
the lower stages of the absorber.

b) By adding several rich-stream splits to the stripper, the stripper exergy losses are expected to
decrease since the temperature driving force will be distributed more gradually along the stripper.
This is another process configuration for further analysis.

c¢) The combination of LVR and the split-flow configuration could be another interesting
modification to be examined. The stage temperatures will be decreased at the top part of the
stripper and gradually decreased along the stripper. Thus, the condensation exergy losses are
reduced and more reduction in stripper exergy losses is expected.

d) Similar approach of combining first and second law analysis is suggested as future continuation of
the current work for other process modifications such as high pressure and multi-pressure stripper
configuration. The step-wise alteration of pressure as the driving force through stripper would be
advantageous in terms of lowering the total exergy losses and work demand.

In the current thesis work, the process modifications have been assessed and compared according to
lowest power demand and exergy losses. Yet, these modified process configurations would pay for
energy savings with their higher investment costs. This will pinpoint the further work as a
combination of overall economic and technical analysis (such as exergoeconomic analysis) for the
power plant with capture and compression to avoid costly and non-operable designs.
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A chemical absorption, post-combustion CO, capture unit is simulated and an exergy analysis has been
conducted, including irreversibility calculations for all process units. By pinpointing major irreversibil-
ities, new proposals for efficient energy integrated chemical absorption process are suggested. Further,
a natural-gas combined-cycle power plant with a CO, capture unit has been analyzed on an exergetic
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efficiency of 21.2% for the chemical absorption CO; capture unit and 67% for the CO, compression unit.
The total exergy efficiency of CO, capture and compression unit is 31.6%.
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1. Introduction

CO, capture from power plants is based on the separation of
carbon either from the fuel or from the exhaust. The first process
is called pre-combustion CO, capture while separation of carbon
from exhaust gases is divided into two groups; if pure oxygen is
the oxidant, it is called as Oxyfuel CO, capture combustion method
and the post-combustion method, when ambient air is used as an
oxidant.

There are several processes to recover CO,, such as chemical
absorption, adsorption, cryogenic separation and membranes. For
post-combustion CO, capture from a natural-gas-fired power plant,
chemical absorption using amine solutions is the most near-term
technology according to the IEA report (IEA, 2008).

Techno-economic and thermodynamic analyses that evaluate
natural-gas-fired combined-cycle (NGCC) power plant with CO,
absorption unit have been done recently (Peeters et al., 2007;
Hammond and Ondo Akwe, 2007). Abu-Zahra et al.(2007a,b) inves-
tigated the technical performance and economics of CO, capture
with monoethanolamine (MEA) for a coal-fired power plant. In
other studies done by Geuzebroek et al. (2004) and Yu et al. (2009),
exergy analysis results of MEA based CO, capture processes have
been presented.

The energy required by the capture process is provided by the
power plant in the form of steam and electricity. So it is notable

* Corresponding author. Tel.: +47 73592768.
E-mail address: zeinab.amrollahi@ntnu.no (Z. Amrollahi).

1750-5836/$ - see front matter © 2010 Elsevier Ltd. All rights reserved.
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that CO, capture system causes a significant efficiency penalty on
the power plant. The net electrical efficiency of NGCC based on
state of the art gas turbines, ranges from 55% to 58% LHV-based.
However, addition of a chemical absorption plant for CO, capture
from exhaust gases leads to power production efficiency penalties
of 8-10% points (Peeters et al., 2007; Gottlicher, 2004). Bolland and
Undrum (2003) compared NGCC power plants with and without
CO, capture and quantified the reduced efficiency related to CO,
capture process.

Fig. 1 shows the flow sheet of the CO, capture process and
the CO, compression unit. Flue gas containing CO, is flowing
through an absorber while contacting with MEA solvent flowing
counter-currently. The reaction between MEA solvent and the CO,
is forming a water soluble salt. A CO,-rich MEA stream is preheated
in a heat exchanger and enters a stripper column to regenerate the
solvent and reverse the reaction by means of heat supplied in a
reboiler and release the CO, content as a stream leaving at the
top of the column. The lean MEA-stream is recycled back to the
absorption column while the CO, stream goes to the compression
section.

Although it is a well-established separation method, the energy
consumption and the associated costs of CO, capture are substan-
tial and lead to consumption of more fossil fuel for a given power
generation. This is a strong motivation to optimize the process and
increase its energy efficiency. In the present work, exergy analysis
was used as a tool for identification of exergy losses and irre-
versibilities. By comparing the magnitudes of irreversibility rates
for different plant units, it was shown which of the process units
that contributes the most to plant inefficiency.
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Fig. 1. Flow sheet of CO, capture and compression units.

2. Exergy analysis

The exergy method of evaluating energy-intensive systems inte-
grates the first and second laws of thermodynamics at the state of
particular environmental conditions. Exergy analysis with its cer-
tain methods of process evaluation has proven to be an efficient
tool to define the second law efficiency of processes. It combines
the principles of conservation of mass and energy together with
the second law of thermodynamics to characterize the thermody-
namic losses of each unit of a system, and it enables to identify
losses and, consequently, to make improvements of energy con-
sumption. This is an advantageous method to approach the goal
of more efficient processes, since it specifies the locations, types,
and real magnitudes of irreversibilities either to be reduced or to
be dissipated.

The exergy of a stream can be divided into physical exergy and
chemical exergy, assuming that potential and kinetic energy can be
neglected. The physical exergy equals to maximum amount of work
obtainable when the stream of substance is brought from its actual
state to the environmental state defined by Py and Ty (Szargut et al.,
1988) by physical processes involving only thermal and mechanical
interaction with the environment. It is expressed as:
eph = (h = hg) = To(s — so) (M
where h and s are the specific enthalpy and entropy and hg = h(Ty,
Py) and sq =s(Ty, Py) for the flowing matter.

The chemical exergy of a substance is the minimum work
requirement to deliver it in the environmental state from the
environmental substances by means of processes involving heat
transfer and exchange of substances only with the environment.
The standard chemical exergy of various substances is given in the
literature, e.g. in Kotas (1995).

The molar chemical exergy of an ideal mixture is expressed as:

Eom = ingoj + RT()ZX,' Inx;

i i

(2)

where x; and &; are molar fraction and chemical exergy, respec-
tively, of each component in the mixture and R is the universal gas
constant.

The exergy loss of each individual unit can be calculated by find-
ing the difference between the exergy of input and output streams
of aunit operation. To find irreversible losses in each unit operation,
a steady state exergy balance can be used;

. . To
Swa - Ta(-3)

in 1
Flow exergy into system

g 1 Ek

out
Flow exergy out of system

Exergy associated to heat exchange

+ W+
Work

(3)

Irreversibility

Here 1n denotes mass flow rate, Q; denotes heat transfer rate, W
denotes work rate and I denotes irreversibility rate.

Another important value resulted from exergy analysis is exer-
getic efficiency which is identified in various formulations for
different processes. In one general definition, it is defined as the
ratio of minimum, theoretical-reversible work required to actual
work required in a process; i.e. fex=Wyey/Wact. In other defini-
tion, named as rational efficiency, it is expressed as the ratio of
the exergy output to the total used exergy (Kotas, 1995); i.e. ¥ =
S AEU/ 3™ AE™. The rational efficiency differentiates between
the desired output exergy and any other kind of outflow from the
system. This makes it a suitable value to present the degree of ther-
modynamic perfection of a process. For the current power cycle
exergy analysis, rational efficiency is expressed as the ratio between
of the exergy of product and the exergy of the fuel, i.e. ¥ = Ep/Eg or
Y =1 — (I/Eg) (Bejan et al., 1996).

Exergy analysis can be done when composition and thermo-
dynamic properties of all streams are available. For this purpose,
modeling software was used to simulate the power plant and CO,
capture and compression processes.

To calculate the chemical exergy of each stream containing MEA
component, chemical exergy of the MEA molecule in the liquid
phase was required. The value used in these calculations was not
found directly from literature but estimated by the group contri-
bution method (Szargut et al., 1988) to 1.536 x 106 kJ/kmol.
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3. Methodology

The plant subsystems that were analyzed included of gas tur-
bine (GT), heat recovery steam generator (HRSG), steam turbine
(ST), condenser, CO, absorption section, stripping section and com-
pression section.

Particularly, the CO, capture plant was divided into control
regions with exergy inputs and outputs associated with the inflow
and outflow of matter, heat transfer and work transfer. The pro-
cesses were approximated in steady state condition. Relevant
thermodynamic data for the CO, capture plant was taken from
UniSim Design software (Honeywell), which contains the Amines
Property Package. This special property package has been designed
to aid the modeling of alkanolamine treating units in which CO,
is removed from gaseous streams. For simulation of other gaseous
streams in the process, the Peng-Robinson equation of state was
used.

Chemical and physical exergy of all streams were functioned in
excel spreadsheets. Therefore, the amounts of exergy loss and irre-
versibility were calculated based on exergy balance in each control
region.

Furthermore, the power plant design was done by GT PRO
(Thermoflow, Inc.). The reference environment was assumed with
ambient temperature Ty =298.15K and pressure Py =101.325 kPa.

4. Model description

The natural-gas-fired combined-cycle power plant was
designed with power plant configuration of GT, HRSG and
condensing reheat ST. The gas turbine was selected from GT
PRO library as Siemens SGT5-4000F and the fuel selection to the
combustor is natural gas without H,S with 46.28 MJ/kg as lower
heating value (at 25°C). This equals to 681.4 MW as the fuel heat
input to the GT. The flue gas flowing through the HRSG exits as
exhaust gas with a flow rate of 651 kg/s and a molar composition
of 3.8% CO,, 12.4% O, 9% H,0, 74.8% N, at atmospheric pressure
and 95°C. Table 1 shows power plant key data and the flow sheet
of the designed combined cycle power plant is shown in Fig. 2.

As a base case, the CO, capture unit with chemical absorption
model shown in Fig. 1 was simulated with a capture rate that was
set to 90%. This capture rate was obtained by a MEA weight percent-
age of 30%, solvent circulation rate of 2230 t/h and a reboiler duty of
4.8 x 108 kJ/h. The reboiler energy consumption was 3.86 MJ/kg of
separated CO,, which was provided by the steam flow of 61.7 kg/s.
The total mechanical work needed for the CO, capture and com-
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Table 1
Power plant summary without CO, capture unit.

Power output (MW) Elect. eff. (LHV %)

Gross Net Gross Net
Gas turbine 262.8 38.6
Steam turbine 127.8
Plant total 390.6 3833 573 56.3
Table 2

Total mechanical work demand for the post-combustion CO, capture plant.

Work demand M]/kg CO, separated

Power production penalty 0.89

Compression work 0.30

Auxiliary power 0.17

Total 1.36
Table 3

Base case power plant summary.

Power output (MW) Elect. eff. (LHV %)
Gross Net Gross Net
Gas turbine 262.8 38.6
Steam turbine 95.0
Plant total 357.8 335 52.5 49.2

pression unit is given in Table 2. The CO, compression was done
in three stages with inter-cooling where the CO, stream was com-
pressed to 80 bara and then pumped to storage section at 110 bara.
The adiabatic efficiencies of the three stages were, respectively,
85%, 85% and 80%.

The addition of the CO, capture unit to the power plant caused
a power production efficiency penalty since the power plant pro-
vided the mechanical work for the CO, capture unit as well as the
steam required for the regeneration of solvent. Table 3 shows the
key data of the power plant with CO; capture unit.

5. Results
5.1. Natural-gas-fired combined-cycle power plant

The results of exergy calculation for the power plant are shown
in Table 4.

 To compare the rational efficiency of both plants, ¢ = Ep/Er,
Ep is the net electric output of the system added to the exergy

Flue gas ;i; ?
1.013P
94.7T =
3,8% CO, Turbine -e 127.8 MW
12.4% O,
9 % H:0
74.8% N, Reheat
I-I Condenser
Hot Reheat 1.013
15T
To HRSG 636.2 M
J, Natural
\ l Gas
Feed Water|
to HRSG HRSG 1.04P
— 593 T Gas Turbine
651 M 262.8 MW @100% Load

Fig. 2. Flow sheet of the designed power plant.



Z. Amrollahi et al. / International Journal of Greenhouse Gas Control 5 (2011) 422-426 425

Table 4

CO,. The minimum reversible work of compression of pure CO,
Plant exergy analysis.

stream from atmospheric pressure to 110bara was 0.201 MJ/kg

Power plant Power plant with CO,. Considering the actual work demand from Table 2, the exergy
without CO, CO; capture unit efficiency of the CO, capture unit was 21.2%, and the exergetic effi-
capture unit (MW) (MW) ciency of : : o i
y of compression unit was 67%. The total exergy efficiency of
Exergy in the CO, capture and compression plant was 31.6%.
. Fuel exergy 687.8 687.8 Fig. 3a-c shows simplified block schemes for the illustration of
X:Irjye;’e“cttric output 3833 335.0° control regions of the absorption, desorption and compression sec-
Pure compressed CO, stream _ 232 tions. Each bloc]f scheme shows. the streams transferring exergy
Irreversibility through each unit that are material and work streams.
Exhaust exergy 18.0 7.6° In Fig. 3¢, the Ws entering from the left side and exiting from the
Gas turbine 2390 2390 opposite, nominate the exergy content of cooling water streams
HRSG 25.2 21.8 PposIte, ! “XEIgy . ing wa .
Steam turbine 16.4 104 that passes egch of the mtercooler.s in the compression section,
Condenser 5.9 15 and Ws entering from the bottom side of block schemes are work
CO, capture and compression unit - 49.8 streams for the pump and compressors.
2 Work demand of CO, capture unit has been taken from the electric output of In Table 5, physical streams’ characteristics and relevant calcu-
power plant. lated exergy, which was used to find irreversibilities according to
b The outflow gaseous stream from the absorber. the exergy balance formula, are shown.

of compressed CO, stream, while Eg is the fuel exergy. Therefore,
the rational efficiency of the combined cycle power plant with-
out CO, capture unit was 55.7% while the rational efficiency of the
same power plant with CO, capture unit went down to 52.1%. The
addition of CO, capture and compression units to the power plant
increased the irreversibilities from 304.5 MW to 329.4 MW.

6. Discussion

AsshowninTables 1 and 3, the power plant with the CO, capture
unit had a net electrical efficiency (LHV %) of 49.2% comparing to
56.3% for the power plant without CO, capture. This identifies 7.1%
points of power production efficiency penalty for the CO, capture

plant.
5.2. CO; capture and compression plant The results of the exergy analysis showed a rational exergy effi-
ciency of the combined cycle power plant without CO, capture unit
The results showed that for the current chemical absorption of 55.7%, while capture and compression of CO, from flue gases
unit, the minimum reversible separation work of CO, from the caused 3.6% points rational exergy efficiency reduction. The asso-
power plant exhaust stream, which was calculated based on the ciated exergy losses took place in the GT section, the CO, capture

approach presented by Cengel and Boles (2006), was 0.225 M]/kg unit and the HRSG.

a
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Fig. 3. (a) Block scheme for absorption section. (b) Block scheme for stripping section. (c) Block scheme for CO, compression section.
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Table 5
Thermodynamical data and exergy of streams.

Stream Temperature (°C) Pressure (kPa) Mass flow (kg/s) Exergy (M]J/kg CO, separated)
CO, to storage 35.5 11,000.0 346 0.67
CO, to compression 28.0 167.2 349 0.49
Flue gas inlet 51.8 107.3 651 0.76
Flue gas in 95 101.3 651 0.77
To water scrubbing 53 101.3 631 0.75
Stripper overhead to condenser 100.4 172.4 55.9 0.89
Lean amine in 39.4 107.0 647 120.00
Lean amine out 119.4 186.2 632 123.10
Rich amine in 110.5 106.3 667 123.00
Rich amine out 46 106.3 667 120.2
Table 6

Irreversibility amounts by unit sections.

Irreversibility (MJ/kg CO,)

Flue gas cooler 0.12
Blower 0.03
Absorption section 0.67
Rich/lean heat exchanger 0.01
Stripping section 0.50
Compression section 0.11
Total 1.44

For the CO, capture and compression plant, the total exergy
efficiency was 31.6%. As the exergy calculation results showed,
Tables 5 and 6, the magnitude of irreversibilities in the absorp-
tion and stripping sections were larger than in the other units,
which means that their thermodynamic perfection is low. The total
amount of exergy losses in the chemical absorption process was
1.33 M]J/kg CO,, which agreed with about 1.44 M]/kg CO, for the
similar CO, capture process observed in the literature (Geuzebroek
et al., 2004).

Since the local driving forces are rather high and unevenly dis-
tributed along the absorber and stripper, their irreversibilities are
high. In the stripper section, large amounts of heat exchange in
the reboiler causes large driving forces at the bottom of the strip-
ping column which is in favor of the process of stripping CO,
from the MEA solvent, but reversely increases exergy losses in
the stripper. An even distribution of driving forces over the unit
operations would be the optimal solution for decreasing exergy
losses. This motivated the design of similar processes with configu-
ration changes, which deviates from stream splitting and recycling
of streams to absorber column (Aroonwilas and Veawab, 2007) to
inter-cooling of absorber and stripper vapor recompression models
(Jassim and Rochelle, 2006).

Also recovering the heat of flue gas from flue gas cooler would
reduce the steam consumption in the reboiler which would lead
to decrease in the reboiler local driving forces and consequently
decreases the stripper section exergy losses (Yu et al., 2009).

7. Concluding remarks

Adding a CO, capture and compression unit to a natural-gas-
fired combined-cycle power plant, caused an energy efficiency
penalty of 7.1% points and a rational exergy efficiency penalty of
3.6% points. The exergy efficiency of the CO, capture unit was 21.2%,
the exergy efficiency of the compression unit was 67% and the total
exergy efficiency of CO, capture and compression plant was 31.6%.

Although the exergy losses in the CO, capture and compression
units are rather small comparing to those lost in gas turbine, HRSG
and steam turbine, there are some points of potential improve-
ments. The current study - as in Table 6 - shows that the absorber
section and stripper section have the most irreversibilities, which

motivates the further research on similar chemical absorption pro-
cesses with optimized solutions for the stripper and lower exergy
losses.
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Thermodynamic Analysis of a Post Combustion CO,
Capture Process

Zeinab Amrollahi®,’ Ivar S. Ertesvig “ and Olav Bolland*
“ Department of Energy and Process Engineering, Norwegian University of Science and Technology,
Trondheim, Norway

Abstract: A chemical absorption, post-combustion CO2 capture unit is simulated and an exergy
analysis was conducted, including irreversibity calculations for all process units. With pinpointing major
irreversibilities, new proposals for efficient energy integrated chemical absorption process were
suggested. Moving further to the whole natural gas combined cycle plant with a CO. capture unit, it has
been analyzed on an exergetic basis. By defining exergy balances and black-box models for plant
components, investigation has been made to determine effect of each component on overall exergy
efficiency. Simulation of chemical absorption plant was done using UniSim Design software with Amine
Property Package which maintains thermodynamic data. For overall power plant design, GT PRO
software (Thermoflow, Inc.) was used for simulation of a natural gas combined cycle. For exergy
calculations, spreadsheets were created with Microsoft Excel by importing data from UniSim and GT
PRO. By pinpointing major irreversibilities, new proposal for energy-efficient integrated chemical
absorption process is suggested. Results show that for current chemical absorption plant, the exergetic
efficiency compared to the reversible separation work lies between 15% and 22%.

Keywords: CO; capture, Absorption, Exergy analysis

1.Introduction whole system by means of exergy analysis which

For a natural gas-capture from flue gases, using
chemical absorption with aqueous
monoethanolamine (MEA) is one of the most near-
term technologies.

Flue gas containing CO, is flowing through
absorber while contacting with MEA solvent
counter-currently. ~ Meanwhile  reaction  is
happening between MEA solvent and CO, forming
a water soluble salt. A rich MEA stream which
contains the chemically bound CO,, preheated in a
heat exchanger is entered to a stripper column to
reverse the reaction by means of heat maintained
by a reboiler and lose CO, content as a stream
leaving at the top of the column. The lean MEA is
recycled back to the absorption column while the
CO; stream is going to compression section.

Although it is a well-established separation
method, the energy consumption and the costs of
CO; separation are substantially high and lead to
consumption of more fossil fuel for the same
power generation. In order to increase the energy
efficiency and prevent forced extra costs and
energy consumption, it is beneficial to optimize
the process and evaluate the performance of the

! Corresponding author. Email: zeinab.amrollahi@ntnu.no

www.ecos2010.ch

identifies the energy consumption, potential
improvements and thermodynamic
irreversibilities. It should be noted that although
the nature of exergy losses in power plants
specially combustion chambers are higher than
those of post combustion CO, capture plant, but
because the capture plants are add-ons to existing
power plants and their design and set-up is still
under investigation and development, energy and
exergy analysis, shows more potential of energetic
and exergetic improvement in these processes.

2. Exergy analysis

The exergy method of evaluating energy-intensive
systems integrates the first and second laws of
thermodynamics at the state of particular
environmental conditions. Exergy analysis with its
own certain methods of process evaluation has
proven to be an efficient method to define the
second law efficiency of processes. It combines
the principles of conservation of mass and
conservation of energy together with the second
law of thermodynamics to characterize the
thermodynamic losses of each component of a
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system through the whole design and it enables to
make possible improvements of work and energy
consumption. This is an advantageous method to
approach the goal of more efficient energy-
resource use, since it specifies the locations, types,
and real magnitudes of irreversibilities either to be
recovered or inevitably lost.

In absence of potential and kinetic energy, exergy
of stream is divided into physical exergy and
chemical exergy. Physical exergy equals to
maximum amount of work obtainable when the
stream of substance is brought from its actual state
to the environmental state defined by Py and T, [4]
by physical processes involving only thermal
interaction with the environment. It is depicted as:

51,,, =(h_h0)_71)(s_so) (1)

Where h and s are the specific enthalpy and
entropy and h, = h(T,F,) and s, =s(T;,F,) for
the flowing matter.

The chemical exergy of a substance is the
minimum work requirement to deliver it in the
environmental state from the environmental
substances by means of processes involving heat
transfer and exchange of substances only with the
environment. There are tables of calculated
standard chemical exergy of various substances in
literature [1]. Molar chemical exergy of an ideal
mixture is expressed as

£, = zx,-go, +1~37})Zx, Inx, )

Figure 1: Flow sheet
of CO, capture and
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Exergy loss of each individual unit can be
calculated by finding the difference between the
exergy of input and output streams of a unit
operation. To pinpoint irreversible losses in each
unit operation, the exergy balance for steady state
steady flow is used;

D e, +ZQI(1—%)=ka5k +W+i 3
in 1 1 out

Flow exergy Heat exchange
into system

Flow exergy Work
out of system

Trreversibility

Exergy analysis can be done when composition
and thermodynamic properties of all streams
involving in capture process are available. For this
purpose, a simulation software model is used to
simulate the whole CO, capture process. By
transferring stream physical properties and
compositions to excel spreadsheets, exergy
calculations are performed and reported.

To calculate the chemical exergy of each stream
containing MEA component there is a need of
chemical exergy of the MEA molecule in the
liquid phase. The value which is used in these
calculations is not found directly from literature
but estimated. The value is 1.274 - 10°kJ/kmol.

3. Methodology

In the analysis, the mass, energy and exergy
balances were applied to each unit (valve, pump,
heat exchanger, etc.) of the plant. For presentation
purposes, the plant was subdivided into sections
comprising one or more units. These sections were
the gas turbine, heat recovery steam generator
(HRSG), steam turbine and condenser, CO,

absorption column, main heat exchanger of CO,
capture plant,

stripping  section, compression

€O to compression

ear} Amine

Rich Amine

Stripper

Rich/Lean HX

P1 Lean Amine Out

condensate
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section. The irreversibility of a section was the
sum of the irreversibilities of the contained units.

Chemical and physical exergy of all streams was
functioned in excel spreadsheets. Furthermore,
exergy analysis calculations for the designed
power plant were derived from GTPro
Thermoflow software calculation which will be
depicted later. The reference environment is the
local environment of the place where the natural
gas fired power plant is located which it is
assumed in here with ambient temperature Ty=
298.15 K and pressure P;=101.325 kPa.

As mentioned before, this study is limited to the
analysis of the physical exergy and chemical
exergy. Other forms of exergy as kinetic and
potential are insignificant in these processes so
they are ignored. The degradation and
consumption of the MEA solvent was neglected in
CO, capture unit.

4. Base case model

As a base case, the CO, separation with MEA
absorption model shown in Figure 1 is designed
according to the capture rate that is set to 90.5%.

This capture rate for the base case was attained by
MEA weight percentage of 30 and solvent
circulation rate of 2500 t/h and reboiler duty of
5.12 - 10® kJ/h. Reboiler energy consumption is
3.86 (MJ/kg of separated CO,) which is produced
by the steam flow of 64.35 kg/s .Total mechanical
work needed for the capture and compression unit
is mentioned in Table 1. CO, compression was
done in 3 stages with adiabatic efficiencies of

B o] T (<] M gis)
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]

A orero waqERT
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85%, 85% and 80% respectively with intermediate
cooling after each stage. A pump further raised the
pressure from 79.7 bara to 110 bara. The pump
adiabatic efficiency was set to 75%.

Table 1: Total mechanical work demand for post
combustion CO, capture plant

Work demand MlI/kg CO, separated
Power production penalty 0.89
compression work 0.29
Auxiliary power 0.16
Total 1.34
Table 2: Power plant summary
Power Elect. Eff.
Output MW LHV%
gross net gross net
Gas Turbine 282.7 39.22
Steam 92.7
Plant Total 3754 3682 52.08 51.09

The virtual power plant that is connected to the
CO, capture process provides mechanical work to
cover the demand of the CO, capture unit as well
as the steam demand of the regeneration reboiler.
A complete schema of the designed combined
cycle power plant is shown in Figure 2 with key
stream information. The plant key data are shown
in Table 2.

Figure 2: Flowsheet of the designed power plant

Ambient
1513P
2427
B RH
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The fuel was considered as natural gas without
H,S with 722087 kW thermal as lower heating
value and flow of stack gas is 686.4 kg/s with
molar composition of 3.82% CO,, 12.54% O,,
8.24 % H,0, 75.4% N, and temperature of 412.5
K which is going to be cooled in capture unit.

5. Results
5.1 Natural gas fired power plant
The results of exergy calculation for specified

natural gas fired power plant designed by GTPro
Thermoflow software are shown in Table 3.

Table 3: Plant exergy analysis

kW MlJ/kg CO,
separated

Exergy In 739008 19.96
Fuel exergy 727460 19.65
Ambient air exergy 0 0,00
Condenser cooling water in 6359 0.17
Process condensate return 5072 0.14
Makeup water 1.633 0.00
Exergy Out 435668 11.77
Net electric output 368193 9.94
Process steam exergy 45870 1.24
Condenser cooling water out  1391.5 0.04
Stack gas exergy 20214 0.55
Exergy Loss 303340 8.19
GT exergy loss 255216 6.89
HRSG exergy loss 22140 0.60
Steam turbine exergy loss 10584 0.29
Condenser exergy loss 5960 0.16
Non-heat balance related 2616
auxiliaries 0.07
Transformer loss 1876.9 0.05
Miscellaneous exergy loss*  2369.9 0.06
Unaccounted exergy loss**  2577.6 0.07

* Includes piping loss, ST leakage to external sink, fuel
compressor loss, condensate pump loss

** Includes losses from desuperheating, mixing, and
throttling, small water streams, misc. aux. and heat rejection

5.2 Base case CO, capture plant

In Table 4, physical stream characteristics and
relevant calculated exergy which is used to find
irreversibility amounts according to exergy
balance formula are shown. It should be noted here
that for simulation of streams containing amine
component, UniSim Design software [3]
developed a specific property package which
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predicts behavior of systems containing MEA
solvent. For simulation of other streams Peng-
Robinson equation of state is used.

Table 4: Themodynamical data and exergy of streams

for the base case model

Exergy
(MJ/kg
CO,
Temperature Pressure  Mass FIoW geparated)
Stream (°C) (kPa) (kg/s)
1 24.66 11000.00 37 0.67
CO; to
compression 28.00 167.20 373 0.486
2 43 101.30 686.4 0.6
Inlet abs 49.6 107.30 686.4 0.49
Flue gas 139.4 101.30 686.4 1
To water
scrubbing 52 101.30 663.1 0.61
3 100.3 172.4 70.22 0.89
4 119.1 186.20 710.5 129.1
5 55.5 146.20 710.5 126.1
Lean Amine Out 119.5 186.20 809 143.2
Steam 177 400.00 64.35 2.4
Condensate 143 392.00 64.35 1.3
Lean Amine in  39.5 107.00 680.4 126.9
Rich Amine Out 46 106.30 748 1259
Rich Amine 110.5 106.30 748 128.7

5.3 Improved model

Observing the exergy amounts of streams and
process sections irreversibilities, a new model -
see Figure 2- with lower energy consumption and
irreversibility  is  investigated. = The  first
configuration change is to split the Rich Amine
stream which carries mainly the absorbed CO, and
MEA amine and integrating those split streams
with two streams returning from stripper; the first
stream is Lean Amine which is also in the base
case model, but the second stream is Semi-Lean
stream which is a liquid side stream taken from the
stripper. The concept behind these modifications is
to divide the driving force along the stripper into
smaller segments which makes the separation
processes closer to its reversible situation and
decreases the irreversibilities. The largest portion
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of Rich Amine stream coming out of absorber is  Table 6: Themodynamical data and exergy of streams
still passing through the Rich/Lean heat exchanger — for new process configuration of CO, capture unit
1 while its smaller portion is heated through

> Exergy
Rich/Lean h'eat exchanger 2 W1Fh the Semi-Lean Temperature  Pressure  Mass Flowviyie o,
stream that is taken from the stripper column and g ©0) (kPa)  (kgls)  separated)
recycled back to the absorber. With these new
. . 1 24.88 11000.00 37 0.675
changes, there is a chance of approaching exergy
recovery and decreasing irreversibility amount of €Oz
the whole system. to compression 28 167.20 373 0.49
X 2 43 101.30 6864 0.6
Table 5: Total mechanical work demand for new
process configuration of CO,capture unit Inlet abs 49.6 107.30 6864 049
Work demand Ml/kg CO, separated Flue gas 1394 10130 686.4 1
Power production penalty 0.88 To water
compression work 0.29 scrubbing 517 10130 6625 0.6
Auxiliary power 0.17 3 100.1 1724 70 0.9
Total 1.34 4 118.5 186.20 714.6 1292
5 56.2 146.20 7143 126.1
The CO; capture rate for this modified model | .. 4 1ine out 1186 18620 809  143.1
which is shown in Figure 3 is 90.3% and the new s 0 20000 63 23
reboiler duty is 5.1 - 10° kJ/h which is less than team 176. ’ 7 37
base case model. Reboiler energy consumption is ~ Condensate 143 392.00 637 1.26
3.83 (MJ/kg of separated CO,) which is produced  Lean Aminein 39.4 107.00 723.8 127.4
by the steam flow of 63.71 kg/s .Total mec‘hamcz?l Rich Amine Out 50 10630 881 1483
work needed for the capture and compression unit .
. . Semi- Lean 1145 184.1 130 22
is given in Table 5.
RA'1 110.1 610 766.3 128.4
RA2 114.4 650 136.6  23.6

Figure 3: Flow sheet of new configuration for CO,
capture and compression units
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Table 7: Irreversibilities by process sections

Base case New

Irreversibility [MJ/kg CO,] design

Flue gas cooler 0.48 0.48
Blower 0.04 0.04
Absorption section 0.61 0.64
Rich /lean heat exchanger I  0.01 0.0
Rich /lean heat exchanger 2 - 0.01
Stripping section 0.59 0.51
compression section 0.12 0.12
Total 1.85 1.80

5. Discussion

As the exergy calculation results show- Tables 6
and 7- the magnitude of irreversibilities which is
currently happening in the absorption and
stripping sections, motivates the design of similar
process with configuration changes, which is
mainly stream splitting and recycling of the
streams. By taking out a side stream from stripper
and recycling it through a heat exchanger to the
absorber, the stream is taking out a considerable
amount of irreversibility from stripper; but since
this side stream is cooled before absorber, it
affects the absorber irreversibilities less.
Additionally, in the improved model, by splitting
the feed stream before the absorber and feeding
them into different trays, the driving forces are
distributed more evenly along the column height
which results in lower irreversibility. Furthermore,
reboiler duty is decreased which will show its
deduction in the stripper irreversibility amount.
More to add is since flue gas temperature entering
chemical absorption plant is fairly the same in
both models, the irreversibilities of flue gas cooler
and blower for both of cases are equal.

Finally, from efficiency point of view, power plant
with the modified model for CO, capture has
slightly higher net electrical efficiency i.e 51.14%
comparing to the power plant with base case
model i.e. 51.09%. Since the steam demand in the
reboiler in the improved model is decreased
comparing to the reboiler duty of the base case,
power plant’s steam turbine has higher power
output (93MW) and electrical efficiency (LHV%)
increases. It should be mentioned that power plant
efficiency (LHV%) without CO, capture is
56.34% that is higher than the efficiency of power
plants with CO, capture .
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6. Concluding remarks

Although the exergy loss in CO, capture and
compression units are rather small comparing to
those lost in Gas turbine, HRSG and steam
turbine, there are points of potential improvements
in CO, capture process. By process configuration
changes and decreasing regeneration duty,
improved CO, capture process with lower heat
consumption and less irreversibility amount was
designed.

Minimum reversible separation work for the flue
gas stream coming to the CO, capture plant is
0.247 MJ/kgCO,. When looking to the actual work
demand Tables 1&S5, it was calculated that for base
case chemical absorption plant exergy efficiency
was 18.36% and the modified case gave exergy
efficiency of 18.37%.

Current study -as in Table 7- shows that by
splitting the out-coming streams from the absorber
and encountering them to various lean MEA
recycles from the stripper, the irreversibility
amounts through stripper decreases sensibly. Use
of other solvents with lower binding energy is
suggested to decrease the exergy loss of reboiler
section. In order to minimize the exergy loss, it is
important to have uniform exergy degradation
along equipments, which can be an optimization
idea for the regeneration column, flasher and
reboiler. Furthermore in order to divide exergy
losses through the absorption column and stripping
column, process configuration changes such as
stream splitting can be performed [5].
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Abstract

This paper discusses the thermodynamic efficiency of an integrated reforming combined cycle (IRCC) process as
one of the proposed pre-combustion CO, capture processes. By simulating an IRCC plant with CO, capture, for
thermodynamic evaluation, exergy of streams and irreversibilities were calculated. The exergy analysis of the
system, pinpoint major irreversibilities and exergy losses. Simulation of the IRCC plant with CO, capture was done
using Aspen Plus software. For gas turbine and steam cycle design, GT PRO software (Thermoflow, Inc.) was used.
For exergy calculations, ExerCom software (JACOBS consultancy) was used to calculate the exergy of streams and
irreversibilities of each unit operation. To decrease the exergy losses in the gas turbine combustor, fuel pre-heating
up to 500°C, would decrease the gas turbine irreversibility up to 11%. Additionally, preheating the inlet streams to
the auto-thermal reformer would be beneficial in decreasing its exergy losses.

Keywords: CO, capture; Pre-combustion ; Exergy analysis

1. Introduction

Global warming is one of the most important environmental challenges of the 21* century. Therefore the power
industry is increasingly facing regulations on the CO, emissions and this has been the motivation for the recent
research and developments in CO, capture and storage processes from fossil fuelled power plants. One of the
challenges for large-scale implementation of CO, capture is related to its high energy efficiency penalty.
Consequently, power plants with integrated CO, capture have been proposed and discussed in the literature and
various comparative performance analyses have been presented [1-3].
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Among the technical solutions developed for CO, capture from natural gas power plants, Eide and Baily [4]
described pre-combustion decarbonisation schemes which are based on different available reforming technologies as
steam reforming, partial oxidation and auto-thermal reforming. Amann et al. [5] assessed the conversion and net
electrical efficiency of a natural gas combined cycle power plant with auto-thermal reforming technology for CO,
pre-combustion capture, while Lozza et al. [6] evaluated the thermodynamic efficiency based on exergy analysis and
economic performance of steam methane reforming pre-combustion CO, capture. The exergy analysis of a similar
process based on auto-thermal reforming technology for reforming pre-combustion CO, capture was presented by
Ertesvag et al. [7].

In a paper by Hoffman et al. [8], performance and cost analysis was carried out for an advanced natural gas fired gas
turbine cycles with pre-combustion CO, capture. The pre-combustion process discussed by Hoffman et al. [8] was
based on an advanced partial oxidation reformer.

2. Process description

The process described here has been titled as integrated reforming combined cycle (IRCC) with single-pressure heat
recovery steam generator (HRSG). It reforms natural gas to a syngas as shown in Figure 1. Reforming of natural
gas was modeled as a two-step process. In the pre-reformer higher hydrocarbons are converted to protect against
coking in the auto-thermal reformer (ATR) according to endothermic reaction (1) and exothermic reactions (2) and

3).

C H, +xH,0,, = xCO+(x +§)H2 ~AH',, < 0 kJ/mol )
CO+3H, = CH,+ H,0,, ~AH', =206 k/mol @
CO+H,0=CO,+H, ~AH, =41 kJ/mol 3)

The air-blown ATR is divided into a combustion zone, a thermal zone, and a catalytic zone. The heat generated
in the combustion zone provides heat for the reforming in the thermal and catalytic zones. Substoichiometric
methane combustion in the ATR can be represented as

3
CH,+=0, > CO+2H,0,, ~AH, =519 kl/mol )
5O -

In the thermal and catalytic zones, below the combustion zone, the main reactions are the water-gas shift reaction
(3) and methane-steam reforming

CH,+H,0, =CO+3H, —AH, =-206 ki/mol 6]

In the high-temperature and low-temperature water-gas shift reactors (HTS and LTS) most of the remaining CO
is converted to CO, according to reaction (3). Due to the temperature driving force in the HTS, the shift reactor
equipment size can be kept smaller. However, the conversion would be too low if only using an HTS. Therefore,
an LTS with a lower temperature and a more active catalyst is needed. Downstream of the shift reactors about 90%
of the CO, is separated in the CO, capture subsystem. The hydrogen-rich fuel vented from the absorber is used for
the gas turbine. As the ATR is air-blown there will be a significant portion of nitrogen in the gas. This nitrogen is
used as fuel diluent for NO, abatement in the gas turbine (GT) combustor. The air needed for the ATR is bled from
the GT compressor discharge plenum and boosted up to system pressure with an air compressor. There are a
number of heat exchangers in the system. The preheating of the reforming streams is handled in various zones in
the HRSG. The syngas cooler, located after the ATR, acts as an evaporator for the high-pressure (HP) steam cycle.
The other heat exchangers for the process streams either generate low-pressure (LP) steam for the reboiler in the
capture subsystem or preheat fuel for the GT. The selected gas turbine is a GE 9FB. The bottoming steam cycle,
including the HRSG and a steam turbine (ST), is a single-pressure system at approximately 85 bar. The CO, capture
sub-system consists of a hot potassium carbonate chemical absorption process. The reboiler energy demand was



supplied (as heat) through steam exchange with the steam cycle and available heat exchangers in the IRCC system
that would generate low-pressure steam. After the capture subsystem, the CO, is compressed to 150 bar in the CO,
compression (four stages) and pump train.
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Figure 1. Process flow sheet of integrated reforming combined cycle
3. Methodology

The process shown in Figure 1 was modeled in GT PRO and in Aspen Plus with software linking approach
described by Nord et al. [9,10].The models were linked by Aspen Simulation Workbook and the Thermoflow E-
LINK. The flowsheet simulations provided mass and thermodynamic data for all of the streams. The power island
was composed of GT, HRSG, ST and condenser. The downstream simulated units consisted of reforming, CO,
capture and compression sections. The reforming model, as described in Section 2, consisted of natural gas and
steam mixer, air booster compressor, process stream pre-heaters, pre-reformer, ATR, HTS and LTS and heat
exchangers to utilize streams’ available heat amounts for economizing, boiling and superheating in the water to
steam cycle. Pre-reformer and ATR were modeled as adiabatic Gibbs reactors and HTS and LTS were modeled as
adiabatic equilibrium reactors in Aspen Plus.

3.1 Exergy analysis

For thermodynamic efficiency evaluation of the system, exergy analysis has been chosen to identify the second
law efficiency and irreversibility of each unit. This is an advantageous method to approach the goal of more efficient
processes, since it specifies the locations, types, and real magnitudes of irreversibilities either to be recovered or
inevitably lost. Exergy analysis could be performed by taking into account the composition and the physical
properties of the investigated streams. In this paper, the exergy of streams was calculated with using ExerCom by



Jacobs Engineering, which is an add-on to Aspen Plus for calculations of the chemical, physical and mixing exergy
for process gas and liquid streams.

The reference state is assumed the same as what defined by Szargut et al. [11], i.e. the reference temperature of
T¢=298.15 K and pressure P;=101.325 kPa. For chemical equilibrium as a reference state, the mean composition of
the earth’s atmosphere, the mean composition of seawater and the mean composition of the earth’s crust are taken.

Exergy loss of each individual unit was calculated by finding the difference between the exergy of input and
output streams of a unit operation. To find the irreversibility in each unit operation, a steady state exergy balance
was used;

: T, .
Zm/g/+zQ/(17?0):zmk€k+W+l (6)
" ! i out

Flow exergy Heat exchange Flow exergy Work Irreversibility
into system out of system

In order to use the same reference state for exergy calculation of power island streams , the reforming section,
and CO, capture and compression units, the streams’ physical properties as well as molar composition and flow
rates were imported from GT PRO through Excel to Aspen Plus. Afterwards, by accessing ExerCom add-on, exergy
of streams were calculated. Furthermore, to assess the performance of the whole system, a Grassmann diagram
[12,13] was chosen to represent the exergy flows and losses apart from listing the irreversibilities of all process
units.

3. Results and Discussion
The summary of results for the IRCC plant with single pressure HRSG in terms of power, efficiency and capture

rate is presented in Table 1. The plant has a net electrical efficiency of 44.7% (LHV), with net power output of
approximately 360 MW. Process data for the selected streams including their exergy rates are shown in Table 2.

Table 1: Summary of results for the IRCC with single-pressure

HRSG [10]

Natural gas LHV input (MW) 838.5
Gross power output GT (MW) 256.8
Gross power output ST (MW) 154.8
Gross power output (MW) 411.7
Gross power output (% of LHV input) 49.1
Air compression (MW) 13.4
Air compression (% of LHV input) 1.6
CO, compression (MW) 153
CO; compression (% of LHV input) 1.8
CO, capture pumps (MW) 1.6
CO; capture pumps (% of LHV input) 0.2
Auxiliaries (MW) 6.2
Auxiliaries (% of LHV input) 0.7
Net Power output (MW) 357.2
Net plant efficiency (% of LHV input) 44.7
CO, emission (g CO,/net kWh el.) 66.9

CO; capture rate (%) 85.9




For the pictorial presentation of exergy flows and losses, the Grassmann diagram is shown in Figure 2 and the
irreversibilities for the whole process are given unit-wise in Table 3.

To evaluae the desired exergy change to the total used exergy, the exergy efficiency definition has been expressed

as y =

= used

[12]; the term AE"““is equivalent to the exergy input to the system and AE

output according to Table 3; therefore the exergy efficiency of 43.8% was calculated.

Table 2: Process streams data and corresponding
calculated exergies

desired

is the Exergy

Table 3: Exergy analysis results and irreversibilities for the

plant flowsheet of Figure 1.

Point Mass

kg/s
1 18.4
2 304
3 48.8
4 48.8
5 48.8
6 642.1
7 90.3
8 90.3
9 139.1
10 139.1
11 139.1
12 139.1
13 139.1
14 139.1
15 86.5
16 632.8
17 148.0
18 4.0
19 81.0
20 445
21 424

Ratio (To
fuel
exergy) %

P T Exergy
bar °C MW

37 10 873.9
36 4362 38.1 100.0
354 500 920.9 4.4
349 4673 919.5 105.4
347 500 9222 105.2
1.0 15 0 0
163 3813 33.1 3.7
30 516.0 45.7 5.2
29.3 950 881.9 100.9
29 350 781.0 89.4
28.7 4265 779.0 89.1
285 210.0 752.4 86.1
28.1  237.0 751.5 86.0
27.7 1153 736.8 843
272 90.0 710.3 81.3
1.0 77.6 11.5 1.3
80.9 557 222.7 25.5
20 1512 2.5 0.3
7.9 200 714.7 81.8
1.1 5 20.5 23
150.0 53.8 29.8 34

Ratio
( To fuel
exergy )
MW %
Exergy input
Natural gas 873.89 100
Feed Water 7.1 0.8
Exergy output
Net Power Production 3752 42.9
Pure CO, exergy 29.8 34
Irreversibilities
Gas Turbine (compression +
combustion + expansion) 231.6 26.5
Heat Recovery steam generation
( HRSG + deaerator) 19.6 22
Steam turbine 222 25
Condenser 6.5 0.7
Booster compressor 0.8 0.1
NG/steam mixer 72 0.8
Exhaust discharge* 10.5 1.2
ATR 85.9 9.8
Syngas cooler 30.3 35
HE2 14.3 1.6
HE3 33 0.4
HE4 0.5 0.1
Cooler/flash 1.1 0.1
CO, capture 242 2.8
CO, compression 5.7 0.7

* exergy in the exhaust outflow which has been lost

Table 4: Fuel supply temperature changes and irreversibility rates

Fuel temperature * °C 200.0 300.0 400.0 500.0
Air after GT compressor temp. °C 381.4 380.4 379.5 378.6
GT inlet temperature (TIT) °C 1327.4 1327.3 13275 13274
GT exhaust temperature °C 595.4 595.5 595.6 595.6
GT turbine inlet pressure bar 155 15.5 154 153
Air after GT compressor pressure bar 16.3 16.3 16.3 16.3
GT fuel flow " kg/s 81.0 78.6 76.9 75.1
Gas turbine exhaust mass flow kg/s 632.8 630.3 628.0 625.8
Turbine inlet mass flow kg/s 548.2 545.7 543.5 541.3
GT compressor discharge exergy MW 172.3 171.7 171.3 170.9
GT exhaust exergy MW 193.9 192.5 191.1 189.8
GT gross power MW 256.8 256.5 255.5 254.8
Fuel exergy ~ MW 714.7 700.3 688.7 677.8
Combustor outlet exergy MW 692.9 688.1 683.5 678.8
Combustor irreversibility MW 194.1 184.0 176.5 169.8
GT irreversibility MW 231.6 221.7 214.4 207.6
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Figure 2. Grassman diagram for the integrated reforming combined cycle with single pressure HRSG. The figure
presents the flow of exergy along the cycle; the black-colored areas are the irreversibility amounts in each unit.

From the results reported in Table 3 we can comment that:

e The pure pressurized CO, is a thermodynamic asset produced by the IRCC plant. Its exergy accounts for
3.4% of the fuel exergy input which equals to reversible work production by the isothermal expansion of
pure pressurized CO, to CO, partial pressure in the environment.

e The largest irreversibility is contributed by the GT and mainly by the combustor section. The
irreversibility, which is inherent in the combustion process, corresponds to a large fraction of the
original exergy of the fuel. Reduction of irreversibility requires reduction in the rate of entropy
production, which is associated with an increase in the maximum temperature of the combustion
products. A suggestion of improvement to decrease the combustor irreversibility is to provide the
preheating of fuel supply to the combustor. In the current analysis, parametric variations have been
carried out for observation of irreversibility changes along the GT. Three different fuel supply
temperatures to the combustor has been tested. The results in Table 4 show how variations of this
temperature changed the total mass balance over the GT, exhaust gas composition, and exhaust
temperature. It also affected the total work production of GT and the fuel flow to the combustor. It is
shown that by these parametric changes, the irreversibility of combustor and consequently, the GT
irreversibility have been decreased.

The potential sources of this fuel preheating could be the ATR outlet stream and HTS outlet stream. The
heat exchange with the ATR outlet stream which would lead to fuel preheating up to 500 °C, affected
the total HP steam in HRSG and consequently would decrease the ST power generation. Utilizing the
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available heat form HTS outlet stream would change the total amount of LP production which would
lead to an increase in the steam demand as LP extraction from ST.

e The reforming unit in a natural gas-fired power plant is just required when pre-combustion CO, capture
is being performed. Because of the need of high temperatures for steam reforming reaction of the fuel, a
portion of the GT flue gas is used for reformer pre-heating. This leads to lower steam production in
HRSG and lower IRCC net electrical efficiency. Thus, the exergy losses associated with steam
reforming reaction, together with CO conversion, CO, separation and compression, are entirely
attributable to CO, capture.

e In this process, 10 percent of the fuel exergy is lost by irreversibilities in the ATR. This is mainly due to
the combustion process which is taking place in the reformer. Preheating the inlet streams to the ATR
would be beneficial in decreasing the exergy losses of the ATR. This preheating can be rendered by a
series of heat exchangers which cools the ATR exit stream and preheats the ATR inlet streams
simultaneously.

e The syngas cooler contributes to 3.5 percent of the irreversibilities. Those losses occur during cooling of
the synthesis gas prior to the CO shift reaction, due to the high temperature difference of flowing
streams as well condensation of the excess steam component. However, part of the available enthalpy of
vaporization is recovered via the syngas cooler to produce saturated high pressure steam and fed back to
HRSG.

e To achieve a high CO, capture ratio, high CO or CH4 conversion is required. It is achieved by
introducing water higher than its stoichiometric amount for reaction but at the same time, the enthalpy of
vaporization delivered with the excess steam contributes to the exergy losses in the CO shift reaction
and reforming.

e The CO, capture plant contributes to 2.8 percent of the irreversibilities. This contributes mostly to steam
consumption in the chemical absorption process for solvent regeneration. In the present simulation, a hot
potassium carbonate system has been used as the capture process. However, MDEA would be an
alternative to the current system. The reboiler duty would be lower for an activated MDEA system
compared to hot potassium carbonate [14]. Alternative CO, capture configurations such as matrix
stripper, split feed stripper and multi pressure stripper have been proposed in the literature [15]. Thus
lowers the reboiler duty and decreases the irreversibility of the reboiler.

4. Conclusion and further research

With performing exergy analysis on an IRCC pre-combustion CO, capture system, the exergy efficiency of

43.8% has been calculated. This indicates the percentage of input exergy utilised for work production by the power
cycle in addition to the exergy of the pure compressed CO, stream.
The highest amount of irreversibility is contributed by the GT and mainly by the combustor. The irreversibility
which is inherent in the combustion process corresponds to a large fraction of original exergy of the fuel. A
suggestion of improvement to decrease the combustor irreversibility is to increase the preheating of fuel supply to
the combustor. With pre-heating the fuel up to 500 °C the GT irreversibility was decreased by 11 %. The ATR was
observed as the second largest contributor to the cycle irreversibilities. A suggestion to decrease the ATR
irreversibility is to preheat its inlet streams. This preheating can be rendered by a series of heat exchangers which
cools the ATR outflow stream and preheats the ATR inflow streams simultaneously. These variations to the model
are going to be done in the future simulations. A further goal to achieve is to identify the extent of avoidable and
unavoidable exergy losses for the process units. This will gives us the idea of to what extent the exergy losses that
occur in each unit could be avoided by process modifications. It also clarifies the amount of the unavoidable losses
that adheres to the process itself.
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Carbon dioxide was removed by chemical absorption processes from the flue gases of natural-gas-fired
combined-cycle power plant. The main challenge of chemical absorption processes is reducing the energy
requirement. This paper discusses the selection of most important parameters necessary to obtain 90%
capture ratio and the lowest energy consumption for the CO, capture and compression plants. The inte-
grated capture processes with power plant were evaluated by using the net power-plant efficiency.
Several chemical absorption process configurations were analyzed and the design parameters were com-
pared for the different cases. The findings show decreased reboiler energy consumption for the Base case
chemical absorption process configuration with 3.74-2.71 MJ/kg CO, for the modified chemical absorp-
tion process configuration of lean vapor recompression with absorber inter-cooling. The net power plant
efficiency with CO, capture and compression was increased from 49.4% (LHV) for the Base case chem-
ical absorption process to 50.2% (LHV) for the chemical absorption process with absorber inter-cooling

Natural-gas-fired power plant and lean vapor recompression. The power output reduction due to CO, capture and compression was
decreased from 48 MW for the Base case chemical absorption process to 42.5 MW for the case with
absorber inter-cooling and lean vapor recompression.
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Nomenclature

C ratio between formed CO, and fuel, 44 m

o X - . .
Ererrzl,mech mechanical work required for atmospheric strip

ping process (M]/kg CO,)

Erce?rzl.heat heatrequired for atmospheric stripping of CO; from

the solvent (MJ/kg CO)
Eccl?n%p power requirement for compression of CO, (M]/kg

C0,)
f CO,; capture ratio
F overall feed flow rate to stage j (kmol/s) (Fig. 1)

Rstin specific enthalpy of steam supplied to the stripper
reboiler (kJ/kg)

heondout  SPecific enthalpy of condensate leaving the stripper
reboiler (kJ/kg)

Hj,h; vapor and liquid enthalpy flow rates from stage j
(J/s) (Fig. 1)

AHpeaction® Standard enthalpy change (heat) of reaction

(kJ/kmol)

K equilibrium ratio (k-value)

Keq equilibrium constant of the reaction

LHV lower heating value (kJ/kg)

L overall liquid flow rate from stage j (kmol/s) (Fig. 1)

m mass flow (kg/s)

P power (W)

Q; heat flow rate to stage j (kJ/s) (Fig. 1)

Qreb reboiler duty (kJ/s)

R universal gas constant (kJ/kmol-K)

Svj, SLj overall side stream from stage j in vapor and liquid,
respectively (kmol/s) (Fig. 1)

T temperature (K)

V; overall vapor flow rate from stage j (kmol/s) (Fig. 1)

Xij mole fraction of component i in liquid phase from
stage j (Fig. 1)

Yij mole fraction of component i in vapor phase from
stage j (Fig. 1)

Z;j mole fraction of componentiin feed to stagej (Fig. 1)

Greek letters

o ratio of incremental power reduction to incremental
heat output (MJejectrical/MJHeat)

njj efficiency

Subscripts

cond condensate

comp  compression

i component number
j stage number

mech mechanical

pp power plant

reb reboiler

Ref reference

st steam

WO-extr without steam extraction; reference power plant
without CO, capture

We-extr with steam extraction; power plant with CO, cap-
ture and compression

1. Introduction

CO, capture from power plants is based on separation of carbon
either from the fuel or from the exhaust. Processes with carbon sep-
aration from fuel are called pre-combustion CO, capture. Carbon
separation from exhaust gases is divided into two groups: oxyfuel

or oxy-combustion CO, capture, where pure oxygen is the oxidizer,
and post-combustion, where ambient air is the oxidizer.

There are several processes to remove CO,, such as phys-
ical/chemical absorption, adsorption, cryogenic separation and
membranes. For post-combustion CO, capture from a natural-gas-
fired power plant, chemical absorption using amine solutions is
the most near-term technology according to the IEA report (IEA,
2008). However the high energy consumption of CO, removal
from the flue gases of natural gas fired power plants is a moti-
vation to improve these processes. Several studies are found in
the literature that discusses the two main paths, developing new
solvents and optimization of the process configurations (Jassim
and Rochelle, 2005; Oyenekan and Rochelle, 2007; Aroonwilas and
Veawab, 2007; Schach et al., 2010).

Typically, the energy required in the capture process is pro-
vided by the power plant in the form of steam and electricity;
steam is required at the reboiler and electricity is needed to run
shafts of the blower, pumps and compressor. Therefore, the CO,
removal process is carried out at the expense of the efficiency of
thermo-electrical power plants and the power plant outputs of
electricity and available heat are decreased. This shows the neces-
sity of developing improved capture processes with lower energy
requirements.

The net electrical efficiency of natural-gas-fired combined-cycle
power plants (NGCC) based on state of the art gas turbines, range
from 55% to 58% LHV-based. However, addition of a chemical
absorption plant for CO, capture from exhaust gases leads to power
production efficiency penalties of 8-10% points (Peeters et al., 2007;
Gottlicher, 2004). Undrum and Bolland (2003) compared NGCC
power plants with and without CO, capture and quantified the
reduced efficiency related to the CO, capture process.

Techno-economic and thermodynamic analyses that evaluate
NGCCs with CO; capture units have been done recently (Peeters
et al., 2007; Hammond and Ondo Akwe, 2007; Schach et al., 2010).
The literature includes various studies of energy analysis on coal-
fired power plants with CO, capture units. For instance, Abu-Zahra
etal.(2007) investigated the technical performance and economics
of CO, capture with monoethanolamine (MEA) for a coal-fired
power plant. Feron (2010) evaluated the potential improvements
of the energy performance for coal fired power plants with CO, cap-
ture processes. Also heat integration suggestions have been made
by Pfaff et al. (2010) to achieve optimized waste heat integration
between the post combustion capture process and the power plant.

As mentioned, the high energy requirement of the conventional
chemical absorption CO, removal with MEA is a motivation to
develop different process configurations with lower energy expen-
ditures. For the comparison and improvement of these process
alternatives, proper evaluation methods should be developed and
applied. The objective of the current study was to analyze, compare
and improve various CO, capture process configurations in terms of
their work demand. Consequently, net power plant efficiency was
chosen to compare power plants with different CO, capture cases.

The remainder of this article is divided into Section 2, which
describes the simulation methodologies for the MEA chemical
absorption processes and power plant used in this study; Section 3,
which includes the simulated models; Section 4, which shows and
discusses the results and Section 5, which is devoted to concluding
remarks.

2. Methodology
2.1. Simulation of MEA chemical absorption process

Fig. 3 shows the conventional process configuration for a gas
treating system that uses aqueous alkanolamine solutions. The flue
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Fig. 1. Generalized stage model and nomenclature for the stage j. Fj=overall
feed flow to stage j; zj=mole fraction of component i in feed to stage
Ji L, Vj=overall liquid and vapor flow from stage j; Hj, hj=vapor and
liquid enthalpy flows from stage j; Qj=heat flow to stage j; SVJ,SL]:
overall vapor and liquid side-streams from stage j.

gas is contacted with MEA solution counter-currently in a packed
absorber column. CO,, is absorbed into the solvent, which is heated
and fed to the top of the stripping column. Steam, which is provided
by the column reboiler strips the CO, from the MEA solution as it
passes down the column while the condenser provides reflux, and
the CO, recovered overhead as a vapor product. The lean solution
is cooled and recycled back to the absorber.

The CO, capture and compression units were modeled with
UniSim Design software (Honeywell, 2008), which contains the
Amines Property Package. This special property package has been
designed to aid the modeling of alkanolamine treating units in
which CO, is removed from gaseous streams. The following para-
graphs are devoted to modeling details and the basis of the
simulations of UniSim Design and are referred to, for further clari-
fication.

In this property package, a non-equilibrium stage model which
is based on the stage efficiency concept is used to simulate the per-
formance of absorber and stripping columns. The generalized stage
efficiency definition (7;;) based on Fig. 1 is given (Standart, 1965)
as:

B (Vi + S, Vij = Vie1¥ije
(Vi + Sv,)Kiji j = Vii1Yije

nij (1)
where indexes i and j denote, respectively, the component number
and the stage number.

This stage efficiency is a function of the kinetic rate constants
for the reactions between CO, and MEA, the physical and chemical
properties of the amine solution, the pressure, temperature and
the mechanical tray design variables. The non-equilibrium stage-
model functions based in Fig. 1 are:

Fi+Liq+Vigr —(Li+5,) = (Vi+Sy,) =0 (2)
Fizij+ LiaXij-1 + VisYijer — (Li+ 5% — (Vi+ Sy yij =0 (3)
FiHpj+Q; + Li_1hj_1 + Vi1 Hjq — (L + Spy)hj — (Vi + Sy )H; = 0 (4)

0iiKixi j(Vj + Sv;) = (Vj + Sy yij + (1 = 1)VjsYije =0 (5)

> vij=10 (6)

which are respectively, the overall mass balance, the component
mass balance, the energy balance, the stage equilibrium relation-
ship and the summation of mole fractions.

For correlation of the equilibrium solubility of CO, in the amine
solutions, UniSim Design takes advantage of modified models based
on the approach of Kent and Eisenberg (1976) and the study of Li
and Mather (1994).

Kent and Eisenberg’s (1976) model, which was based on defin-
ing the chemical reaction equilibrium in liquid phase, was modified
by UniSim Design to extend the reliable range of loadings between
0.0001 and 1. Solubilities of inert components such as hydrocarbons
are modeled using Henry’s law constant adjusted for ionic strength
effects. For phase equilibrium calculations, Henry’s law constant
has been used for prediction of CO; in aqueous phase. The fugac-
ity coefficient of the molecular species of gas phase components
was calculated by the Peng-Robinson equation of state (Peng and
Robinson, 1976). The prediction of chemical equilibrium constants
involves the simultaneous solution of a set of non-linear equations
that describe the chemical and phase equilibrium and the elec-
troneutrality (charge balance) and mass balance of the electrolytes
in the aqueous phase.

Another simulation approach based on Li and Mather study
(1994) uses Clegg and Pitzer’s (1992) excess Gibbs energy equations
to predict vapor-liquid equilibrium data for the MEA-CO,-H,0
system using interaction parameters determined from experimen-
tal data. It shows a strong predictive capability over a wide range
of temperatures, pressures, CO, loadings and amine concentra-
tion, and provides insights into concentrations of various ionic
and molecular species in the liquid phase when CO, is dissolved
into amine solutions. For phase equilibrium calculations, fugac-
ity coefficients of the molecular species of gas phase components
are calculated by the Peng-Robinson equation of state, and activity
coefficients are calculated by the Clegg-Pitzer equations. The deter-
mination of the compositions of all molecular and ionic species in
both vapor and liquid phases involves the simultaneous solution of
a set of non-linear equations that describe the phase equilibrium
and chemical equilibrium, the electroneutrality (charge balance)
and mass balance of the electrolytes in the aqueous solution.

The principal reactions UniSim Design software takes as the
basis of simulations are according to the study of Kent and
Eisenberg (1976) that is presented below. In the following reac-
tions, RNH; represents a primary amine.

Ionization of water:

H,0 = H' +OH~ (7)
Bicarbonate formation:

CO, +H,0 = HCO3~ +H* (8)
Dissociation of the bicarbonate ion into the carbonate:

HCO3~ = CO32~ +H* (9)

Carbamate formation:

RNH, + HCO3~ 2 RNHCOO™ +H,0 (10)
Protonation of MEA:
RNH; +H* = RNH3* (11)

For enthalpy calculations, vapor phase enthalpy is calculated by
the Peng-Robinson equation of state, which integrates ideal gas
heat capacity data from a reference temperature. The liquid phase
enthalpy also includes the effects of latent heat of vaporization and
heat of reaction. The absorption of CO; in an aqueous MEA solu-
tion involves heat exchange due to the chemical reaction. This heat
effectis a function of concentration and CO, mole loadings. The heat
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of solution of CO, is obtained by differentiating the experimental
equilibrium solubility data using Van’t Hoff’s equation.

(3 In Keq) _ AHrea\ctionD (12)
p

aT RT2

The heat effect, which results from evaporation and conden-
sation of amine and water in both the absorber and stripper, is
accounted for through the latent heat term that appears in the
calculation of liquid enthalpy calculation by UniSim design.

For simulation of the gaseous streams in the flue gas cool-
ing section, the blower section and the compression section, the
Peng-Robinson equation-of-state was used.

2.2. Power plant simulations

The power plant subsystems that were analyzed included gas
turbine (GT), heat recovery steam generator (HRSG), steam turbine
(ST) and condenser. The power plant design was done by GT PRO
(Thermoflow Inc., 2009) and is described in Section 3.1.

The energy analysis of the power cycles integrated with CO,
capture plant was expressed in terms of power production penalty,
and the following equations were defined to quantify these power
production penalties:

«-Value, which is the ratio between the power reduction of the
power plant due to steam extraction and the equivalent heat
acquired from the extracted steam to provide the reboiler heat
requirement;

P extr — Ppp W-

o= pp WO-extr pp W-extr (13)
QReboiler

QReboiler = mst(hst‘in - hcond,out) (14)

where g denotes the steam mass flow extracted from the steam
turbine and supplied to the reboiler, hg, is the enthalpy of steam
to the reboiler and h¢opg oy the enthalpy of returning condensate.

Since the steam extracted from ST is superheated, it is saturated
with water injection and supplied to the reboiler at the exact tem-
perature and pressure that is required for the regeneration process.

e Net power plant efficiency:

CO: CO: CO-
n = MRet. NGCC renzl,rnechc Ererrzl.heata Cf Econz'lpcf (15)
LCNG "_ LWV LHV  _LHV
Ra/—’ —— N———
b c d

When the chemical absorption CO, capture and compression
plants are integrated into a power plant, there are several associ-
ated power losses at different points of the process. These energy
penalties are related to mechanical work demand of blower and
several pumps/compressor in the capture plant (term b in Eq. (15)),
the steam turbine power reduction due to steam extraction to pro-
vide the reboiler steam-need for the stripper column (term c in Eq.
(15)), and the mechanical work demand of the compressors to com-
press captured CO, to a certain transport/injection pressure (term
din Eq. (15)) (Undrum and Bolland, 2003).

3. Model description
3.1. Reference NGCC without CO, capture

The natural-gas-fired combined-cycle power plant was
designed with a power plant configuration of GT, HRSG and

triple-pressure-condensing-reheat ST. The plant was designed for
ambient conditions of 25°C and 1.0132 bar. The GT was selected

from the GT PRO library as Siemens SGT5-4000F, and the fuel
selection to the combustor was natural gas without H,S and with
a lower heating value of 46.28 MJ/kg (at 25 °C). This corresponded
to a rate of 681.4MW fuel heat input to the GT. The flue gas
flowing through the HRSG exits as exhaust gas with a flow rate
of 650.9 kg/s at atmospheric pressure and 94 °C. The flow sheet of
the designed combined cycle power plant is shown in Fig. 2. The
power production was 384.4 MW, giving a net electric efficiency
of 56.4% (LHV).

3.2. CO; capture scenarios

In the current study, six different CO, capture process configu-
rations (Figs. 3-8) were simulated. After design, some of the main
parameters affecting the capture processes were varied as an initial
step toward the optimization of the processes. The optimization
target was toward the reduction of reboiler energy consumption
and the total work demand of the CO, capture plant.

The reboiler steam demand was supplied through extraction
from ST. The extraction bleed from ST was superheated steam
at 4.28bar and 302.6°C. This was mixed with desuperheating
water. After the pipe losses, the process steam was delivered to
the reboiler at 4bar and 145 °C, which is 1.4°C superheated. The
thermodynamic conditions of steam extraction from ST were kept
constant for all cases.

3.2.1. Base case model

As a Base case, the chemical absorption CO, capture and com-
pression units shown in Fig. 3, were simulated with the capture
ratio set to 90%. To summarize the process, the flue gas, which is
flowing at atmospheric pressure, is cooled with a direct-contact
water-cooler to 42 °C and is blown with a blower to the absorber
to overcome the pressure drop caused by the absorber. After enter-
ing the absorber, it flows through the column while contacting with
MEA solvent flowing counter-currently. The reaction between MEA
solvent and the CO, is forming a water soluble salt. The amine
stream that leaves the bottom of the absorber is referred to as
rich amine stream since it is loaded with CO,. The CO,-rich MEA
solution is preheated in a heat exchanger and enters a stripper col-
umn to regenerate the solvent and reverse the reaction by means of
heat supplied in a reboiler and release the CO, content as a stream
leaving at the top of the column. The amine stream that leaves the
bottom of the stripper is referred to as lean amine stream since
it is stripped of CO,. The lean MEA solution is recycled back to
the absorption column while the CO, stream goes to the compres-
sion section. The CO, compression was done in three stages with
inter-cooling to 30°C, where the CO, stream was compressed to
80 bar and then pumped to storage section at 110 bar. The adiabatic
efficiency of the three stages was set to 85%.

Table 1 shows the flue gas specifications and design parameters
for the chemical absorption and compression units, which were
held constant from the Base case to the other process configura-
tions. The absorber performance was controlled by adjusting the
solvent circulation rate to meet 90% CO, capture ratio.

The lean solution CO, molar fraction and the condenser temper-
ature were specified as the stripper specification. Particularly, the
CO, molar fraction of the lean solution was twigged to reach the
lowest reboiler duty in the Base case and the other cases. The strip-
per pressure was set at 1.86 bar with the condenser pressure set at
1.1 bar. According to Abu-Zahra et al. (2007), the increased operat-
ing pressure of the stripper from 1.5 to 2.1 bar led to a 8.5% reduction
in the thermal energy requirement of the stripping process. How-
ever, higher degradation rates and corrosion problem should be
expected.

CO, loading is one of the optimized parameters that specifies
the amount of CO, absorbed in molecular form by the solution. In
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|Gross power output [MW]| 391.3
|Gross elect. eff. LHV% 574
|Net power output  [MW]| 384.3
|Net elect. eff. LHV% 56.4
Flue gas a4k
1.013P
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94T
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Fig. 2. Flowsheet of the reference power plant.
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Fig. 3. Flow sheet of the Base case CO, capture and compression units.
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Fig. 4. Process flowsheet of absorber inter-cooling (Case 1).
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Fig. 5. Process flowsheet with split-flow to stripper (Case 2).
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Fig. 6. Process flowsheet of absorber inter-cooling with split-flow feed to stripper (Case 3).

the current study it was defined as the ratio of CO, mole fraction
and MEA mole fraction in the solution:

Xco,
XMEA

Loading = (16)

The optimized CO, molar fraction at the bottom of the strip-
per, rich and lean loading, and solvent circulation rate is shown in
Table 2.

Cooler
Lean Pump

Rich Pump

3.2.2. Absorber inter-cooling model (Case 1)

The concept behind inter-cooling is to remove the heat gener-
ated by the exothermic absorption reaction and reduce the liquid
temperature at the absorber bottom. Because of the exothermic
nature of absorption reaction, there is an overall temperature
increase in the absorber. Inter-cooling causes temperature reduc-
tion, which is in favor of higher driving force for the absorption
process and increases the absorption capacity of the solvent, i.e.
solvent rich loading. Higher rich loadings lead to reduced solvent

GOz to

Condenser Compression

Vapor
‘Compressor

Reboiler

Fig. 7. Process flowsheet of stripping with lean vapor recompression (Case 4).
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Fig. 8. Process flowsheet of absorber inter-cooling with lean vapor recompression stripping (Case 5).

Table 1
Design parameters for all process configurations.
Solvent 30 wt. % MEA
CO, capture ratio? 90 %
Flue gas mass flow 650.9 kg/s
Flue gas composition
CO, 3.80 vol %
0, 12.42 vol %
N2 74.76 vol %
H,0 9.02 vol %
Rich/lean HX minimum approach temperature 8.5 °C
CO, compression final pressure 110 bar
Absorber
No. of stages 13
Absorber pressure 1.1 bar
Pressure drop 50 mbar
Lean solvent inlet temperature 40 °C
Cooled flue gas inlet temperature 50.3 °C
Stripper
No. of stages 36
Condenser temperature 30 °C
Reboiler pressure 1.86 bar
Cooling water temperature 8 °C
Cooling water AT 10 K
Steam to reboiler
Temperature 145 °C
Pressure 4 bar
Condensate
Temperature 130 °C
Pressure 3.92 bar

2 CO; capture ratio is defined as the fraction of CO, that is separated from the flue
gas.

circulation rates and lower regeneration energy requirements. The
modification to the Base case as illustrated in Fig. 4 is to extract
semi-rich stream from the lower part of the absorber, cool via inter-
stage cooler down to 25°C and recycle it to the absorber column.
All other process units and conditions are identical to the Base case.
The flow rate of side-draw stream to the cooler, the cooling temper-
ature of the side-draw stream and the location of side-draw stream
have been subject to optimization to approach the less reboiler duty
compared to the Base case. Due to the higher attainable rich loading

and reduction in the solvent circulation rate, the stripper reboiler
duty has been decreased. The results of optimization showed the
side-stream draw point at near bottom of the column and returns at
one upper stage. Table 2 shows the lean solution CO, molar fraction
at the bottom of the stripper, which was subject to optimization,
and therich and lean loading and the solvent circulation rate for this
process configuration. Several authors such as Tobiesen and Dorao
(2008) and Chang and Shih (2005) have investigated configurations
with inter-stage coolers.

3.2.3. Split-flow model (Case 2)

The split-flow configuration for chemical absorption processes,
which is illustrated in Fig. 5, was developed and suggested by
Thompson and King (1987) and further analyzed by Kohl and
Nielsen (1997) to reduce steam consumption of solvent regener-
ation. In the article by Aroonwilas and Veawab (2006), the authors
pointed out 35% energy saving in reboiler duty for 95% CO, capture
ratio. However, they pointed out the need of trade-off between the
energy cost and the additional capital investment cost since the
impact of complexity of the process on the investment cost should
not be neglected.

In this configuration, the rich amine leaving the absorber is split
between two feed points to the stripper. One stream enters the top
of the stripper and leaves it from the middle point and returns to
the middle of the absorber. The other split enters the bottom of
the stripper and leaves it toward the top of the absorber. Since less
amount of rich amine enters the stripper bottom section, the sol-
vent would be stripped to the same CO, loading with lower energy
input. Moreover, semi-rich amine enters the absorber column at
25°C and cools the absorber column which favors the absorption
process as discussed in Section 3.2.2.

The split flow fraction, the feed tray of the second split to the
stripper, the flow rate and the feed location of semi-rich amine that
returns to the absorber were subject to optimization in this con-
figuration. Furthermore, as in all the other configurations, the CO,
molar fractioninlean solution and the condenser temperature were
subject to optimization that is presented in Table 2.

Table 2
Optimized design parameters for various process cases.
Base case Case 1 Case 2 Case 3 Case 4 Case 5
CO, mole fraction in lean solution 2.51x10°2 2.47 x 1072 2.45x10°2 247 x10°2 2.5x10°2 248 x 1072
Lean loading 0.22 0.22 0.22 0.23 0.23 0.23
Rich loading 0.47 0.48 0.47 0.49 0.47 0.48
Solvent circulation rate (kg/s) 649.4 613.8 550.3 529.3 641.2 611.1

Case 1: absorber inter-cooling; Case 2: split-flow; Case 3: absorber inter-cooling + split-flow; Case 4: lean vapor recompression; Case 5: absorber inter-cooling +LVR.
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3.2.4. Absorber inter-cooling combined with split-flow model
(Case 3)

This process configuration illustrated in Fig. 6 combines the
effect of inter-cooling of absorber column and the split-flow config-
uration. The parameters that were subject to optimization include
the flow-rate of inter-cooled stream, the split flow fraction and the
flow rate of semi-rich amine from the stripper. The mole fraction of
CO; at the bottom of the absorber, the rich and lean loadings and
the solvent circulation rate are shown in Table 2.

3.2.5. Lean vapor recompression (LVR) model (Case 4)

There are several designs presented in the literature as the
vapor recompression models. The purpose of vapor recompression
designs is to provide steam that is regained from the stripping pro-
cess as the heating media to the reboiler. One of the alternative
designs of the vapor recompression model has been presented by
Jassim and Rochelle (2005). In this design, the stripper bottom is
used to intercool the gaseous stream in the multistage compressor.
The purpose of the design is to recover the heat of condensation of
the overhead water vapor and the heat of compression to re-boil
the stripper. For the aforementioned design, the number of com-
pression stages has been doubled. The results of this study show
that the reboiler duty has been decreased by 43%, but the total
work demand of the process stayed at the same level regarding
the increased amount of CO, compression work.

Another design, which was modeled and analyzed in the current
study, is a patent-based model outlined by Reddy et al. (2007). This
lean vapor recompression design is based on flashing lean solution
to generate the steam feed that is introduced to the stripper col-
umn via a compressor. The compressor type is a thermocompressor
or mechanical vapor recompressor (Minton, 1986). The advantage
of this design as claimed by Reddy et al. (2007) is that the water
balance in the stripping column remains unaltered, which is one
of the main concerns in other vapor recompression designs. A fur-
ther modification to this model has been presented by Woodhouse
et al. (2009), which integrates the usage of low temperature heat
for generation of steam in various stripping process locations.

With vapor recompression as shown in Fig. 7, the lean solution
that is leaving the stripping column, decreases its pressure through
a flash valve to 1 bar and flashes through a flash drum to produce
the gaseous phase. This gaseous phase composed mainly of water
vapor, is recompressed to 2 bar and reintroduced to the stripping
column. Similar to the Base case, the liquid phase is cooled down
by the rich solvent and returns to the absorber. The optimized mole
fraction of CO, at the bottom of the absorber and rich and lean CO,
loading is shown in Table 2.

3.2.6. LVR combined with absorber inter-cooling model (Case 5)

This process configuration illustrated in Fig. 8 combines the
effect of inter-cooling of absorber column and the configuration
of lean vapor recompression. The parameters that were subject to
optimization include the flow-rate of inter-cooled stream, the opti-
mized molar composition fraction of CO, component at the bottom
of the absorber, rich and lean loading and solvent circulation rate,
as shown in Table 2.

Table 3
Reboiler energy consumption and power/heat factor for the optimized process con-
figurations (steam and condensate specifications are given in Table 2).

Base case Case1 Case2 Case3 Case4 Case5

0.24
3.62

0.24
3.48

0.24
3.30

0.24
2.77

0.24
271

o (power/heat factor) 0.24
Duty reboiler (MJ/kg CO;) 3.74

4. Results and discussion

In this section, several sets of results are presented and dis-
cussed. Section 4.1 shows the results of work demand for all five
process configurations. The data for each stream from the simula-
tions of each of the various cases are reported in Appendix A. The
work demand amounts that are presented in Section 4.1 are the
basis of net electrical efficiency calculations, which are shown in
Section 4.2. This subsection includes the results of the integrated
NGCC with various CO, capture scenarios and compares the energy
efficiency of the reference NGCC integrated with CO, capture and
compression plant.

4.1. Total work demand of chemical absorption process
configurations

As mentioned earlier, the process configurations that were
described in Section 3.2 were optimized regarding lower energy
consumption. By addressing the definition from Eq. (13), the «
value was calculated for each case. It was expected that since the
thermodynamic conditions of the steam supply to the reboiler and
condensate return to the power plant was kept constant for all sim-
ulated cases, the « calculation would result in the approximately
same amount that is shown in Table 3.

As Table 4 lists, the total work demand of the capture and com-
pression processes consisted of power penalty due to regeneration
of solvent, power requirement for the pumps and the blower and
the compressor in LVR configurations, and the CO, compression
work demand.

Obviously, as the reboiler duty was decreased from the Base
case to the last case, the total work demand for each case was
decreased. It should be mentioned that for Lean vapor recom-
pression (LVR) model (Case 4) and LVR combined with absorber
inter-cooling model (Case 5), the compressor work needed for lean
vapor recompression increased the work amount that was covered
under the Other work term. Nevertheless, the major reduction of
energy requirement of the reboiler, led to overall work demand
reduction for Cases 4 and 5.

The compression work demand remained approximately con-
stant since the capture ratio was set at 90% of the CO, content from
flue gas.

4.2. Natural gas fired power plant with CO, capture and
compression plant

Based on the definitions clarified in Section 2.2, the comparison
analysis has been done on the integration of each of the cases with
the reference power plant and the results of net power plant effi-
ciency (%LHV) have been demonstrated in Table 5. As the total work
demand of the CO, capture and compression plants was decreased

Table 4
Total work demand for the optimized process configurations.
Base case Case 1 Case 2 Case 3 Case 4 Case 5
Power production penalty for solvent regeneration (MJ/kg CO,) 0.90 0.88 0.84 0.80 0.66 0.65
CO, compression work (M]/kg CO,) 0.33 0.33 0.33 0.33 0.33 0.33
Other work-pumps, blower (M]/kg CO,) 0.15 0.15 0.16 0.16 0.25 0.25
Total work (M]/kg CO>) 1.39 1.36 1.33 1.29 1.25 1.23
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Table 5

Summary of results for the NGCC with and without post-combustion CO, capture (natural gas LHV input (MW,;,)=681.421).

Reference plant
without capture

Ref. plant +Base
case capture

Ref. plant+Case 1

Ref. plant+Case 2 Ref. plant+Case 3  Ref. plant+Case4  Ref. plant+Case 5

Net power 56.40 49.35 49.53
plant efficiency

(%LHV)

Net power 384.31 336.30 337.49
output (MW)

49.67 49.96 50.06 50.16

338.44 340.42 341.10 341.78

along the cases, the power plant efficiency penalty was decreased
from 7.0 percentage points for the Base case to 6.2 percentage
points for Case 5.

The choice of the best option from the current energy analysis
has supported by an exergy analysis of the same processes that
would be presented in the second part of the paper (Amrollahi
et al,, 2011). By means of exergy analysis, the minimum work
requirement of the each process was calculated and the rate of
irreversibility changes in the process sections for different process
configuration was demonstrated.

This study was based on MEA solvent; though the effect of pro-
cess modifications on minimizing the total work demand could be
coupled with choice of other types of solvents with lower binding
energies.

The main limitation of the improvements is the increase of com-
plexity of such processes which would lead to higher costs of design
and operation. This necessitates the combination of overall eco-
nomical and technical analysis for the power plant with capture
and compression to avoid costly and non-operable designs.

5. Concluding remarks

The process configuration modifications were selected in this
study to optimize the overall efficiency of the NGCC power plant
integrated with a post combustion capture CO, capture and com-
pression plant. Six chemical absorption plants for CO, capture were
analyzed and compared according to their total work demand.
These cases comprised the typical chemical absorption process
as the Base case, Case 1 as the chemical absorption process with
absorber inter-cooling, Case 2 as the chemical absorption process
with split flow configuration, Case 3 as the chemical absorption
process with absorber inter-cooling and split flow configuration,
Case 4 as the chemical absorption process with lean vapor recom-
pression (LVR) and Case 5 as the chemical absorption process with
absorber inter-cooling and LVR. Various process parameters for the
chemical absorption process were chosen and optimized to fulfil
the aim of lowering the reboiler duty and reduction of total work

Table 6

demand. The best optimized process with lowest work demand was
the fifth case i.e. the absorber inter-cooling with stripper lean vapor
recompression.

From the Base case to the fifth case, reboiler heat consumption
decreased from 3.74 MJ/kg CO, to 2.71 M]/kg CO,_ For the fourthand
fifth cases, the addition of vapor compressor increased the Other
work which is defined in Section 4.1, but the total work demand of
the capture and compression plants decreased from the fourth to
the fifth case.

Along the reduction of total work demand for the CO, capture
and compression plant from the Base case to the fifth case, the
power plant efficiency penalty decreased from 7% points for the
Base case to 6.2% points for Case 5.
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Appendix A.

The details of the streams resulting from the simulations for
each of the cases are reported here in Tables 6-11. The points that
are selected to show in the tables consist of, but are not limited
to, flue gas entering the chemical absorption process, the exhaust
gas that is leaving from the top of the scrubber, rich amine from
the absorber and lean solution from the stripper, amine and water
make-up streams, stream of captured CO, and stream of com-
pressed CO,.

List of streams with their thermodynamic data, streams’ compositions, and molar enthalpy for Base case. Selected positions according to Fig. 3.

Stream no. Temperature (°C) Pressure (bar) Mass flow (kg/s) Molar enthalpy (kJ/kmol) Mole fraction
CO, N, 0, H,0 MEA
1 94.0 1.0 650.9 10,847.1 0.038 0.748 0.124 0.090 0.000
2 42.0 1.0 646.7 9290.1 0.038 0.755 0.125 0.081 0.000
3 48.4 1.1 646.7 9479.3 0.038 0.755 0.125 0.081 0.000
4 46.0 6.8 699.2 —27,991.6 0.052 0.000 0.000 0.838 0.110
5 110.3 6.4 699.2 —22,253.9 0.052 0.000 0.000 0.838 0.110
6 119.0 1.9 663.6 —20,433.3 0.025 0.000 0.000 0.862 0.113
7 54.5 1.5 663.6 —26,340.1 0.025 0.000 0.000 0.862 0.113
8 25.0 4.0 0.1 21,546.5 0.000 0.000 0.000 0.000 1.000
9 25.0 4.0 16.9 —34,106.1 0.000 0.000 0.000 1.000 0.000
10 49.4 1.0 628.1 9528.9 0.004 0.752 0.125 0.120 0.000
11 30.1 1.1 354 9576.2 0.961 0.000 0.000 0.039 0.000
12 20.0 4.3 0.5 —286,862.1 0.002 0.000 0.000 0.998 0.000
13 20.0 189 0.1 —287,683.7 0.010 0.000 0.000 0.990 0.000
14 249 11.0 34.8 —404,508.8 0.998 0.000 0.000 0.002 0.000
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Table 7

List of streams with their thermodynamic data, streams’ compositions and molar enthalpy for Case 1. Selected positions according to Fig. 4.
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Stream no. Temperature (°C) Pressure (bar) Mass flow (kg/s) Molar enthalpy (kJ/kmol) Mole fraction
CO, N, 0, H,0 MEA
1 94.0 1.0 650.9 10,847.1 0.038 0.748 0.124 0.090 0.000
2 42.0 1.0 646.7 9290.1 0.038 0.755 0.125 0.081 0.000
3 48.4 1.1 646.7 9479.3 0.038 0.755 0.125 0.081 0.000
4 41.4 6.8 671.5 —28,506.0 0.052 0.000 0.000 0.840 0.108
5 110.2 6.4 671.5 —22,397.7 0.052 0.000 0.000 0.840 0.108
6 119.0 1.9 636.1 —20,563.5 0.025 0.000 0.000 0.864 0.111
7 49.9 1.5 636.1 —26,856.7 0.025 0.000 0.000 0.864 0.111
8 25.0 4.0 6.0 21,546.5 0.000 0.000 0.000 0.000 1.000
9 25.0 4.0 7.0 —34,106.1 0.000 0.000 0.000 1.000 0.000
10 45.6 1.0 618.4 9388.0 0.004 0.770 0.128 0.099 0.000
11 30.1 1.1 353 9577.2 0.961 0.000 0.000 0.039 0.000
12 20.0 43 0.5 —286,862.1 0.002 0.000 0.000 0.998 0.000
13 20.0 18.9 0.1 —287,683.7 0.010 0.000 0.000 0.990 0.000
14 249 11.0 34.8 —404,508.8 0.998 0.000 0.000 0.002 0.000
Table 8
List of streams with their thermodynamic data, streams’ compositions and molar enthalpy for Case 2. Selected positions according to Fig. 5.
Stream no. Temperature (°C) Pressure (bar) Mass flow (kg/s) Molar enthalpy (kJ/kmol) Mole fraction
CO, N, 0, H,0 MEA
1 94.0 1.0 650.9 10,847.1 0.038 0.748 0.124 0.090 0.000
2 42.0 1.0 646.7 9290.1 0.038 0.755 0.125 0.081 0.000
3 484 1.1 646.7 9479.3 0.038 0.755 0.125 0.081 0.000
4 435 6.5 400.8 —28,447.7 0.049 0.000 0.000 0.846 0.104
5 98.2 6.1 400.8 —23,635.0 0.049 0.000 0.000 0.846 0.104
6 119.1 1.9 566.1 —20,477.8 0.025 0.000 0.000 0.864 0.112
7 52.0 1.5 566.1 —26,606.6 0.025 0.000 0.000 0.864 0.112
8 25.0 4.0 0.2 21,546.5 0.000 0.000 0.000 0.000 1.000
9 25.0 4.0 10.1 —34,106.1 0.000 0.000 0.000 1.000 0.000
10 46.7 1.0 621.1 9428.1 0.004 0.765 0.127 0.105 0.000
11 30.1 1.1 354 9576.5 0.961 0.000 0.000 0.039 0.000
12 20.0 43 0.5 —286,862.1 0.002 0.000 0.000 0.998 0.000
13 20.0 189 0.1 —287,683.7 0.010 0.000 0.000 0.990 0.000
14 249 110 348 —404,508.8 0.998 0.000 0.000 0.002 0.000
15 106.7 1.8 400.0 —22,978.2 0.040 0.000 0.000 0.861 0.098
16 53.7 14 400.0 —27,702.7 0.040 0.000 0.000 0.861 0.098
17 43.5 6.5 601.2 —28,447.7 0.049 0.000 0.000 0.846 0.104
18 109.5 6.1 601.2 —22,600.2 0.049 0.000 0.000 0.846 0.104
Table 9
List of streams with their thermodynamic data, streams’ compositions and molar enthalpy for Case 3. Selected positions according to Fig. 6.
Stream no. Temperature (°C) Pressure (bar) Mass flow (kg/s) Molar enthalpy (kJ/kmol) Mole fraction
Co, N, 0, H,0 MEA
1 94.0 1.0 650.9 10,847.1 0.038 0.748 0.124 0.090 0.000
2 42.0 1.0 646.7 9290.1 0.038 0.755 0.125 0.081 0.000
3 484 1.1 646.7 9479.3 0.038 0.755 0.125 0.081 0.000
4 37.0 6.5 397.5 —29,091.0 0.050 0.000 0.000 0.847 0.102
5 96.0 6.1 397.5 —23,9385 0.050 0.000 0.000 0.847 0.102
6 118.9 1.9 553.5 —20,661.1 0.025 0.000 0.000 0.866 0.110
7 455 1.5 553.5 —27,315.6 0.025 0.000 0.000 0.866 0.110
8 25.0 4.0 0.3 21,546.5 0.000 0.000 0.000 0.000 1.000
9 250 4.0 1.2 —34,106.1 0.000 0.000 0.000 1.000 0.000
10 43.5 1.0 614.1 9313.9 0.004 0.778 0.129 0.089 0.000
11 30.1 1.1 35.0 9577.3 0.960 0.000 0.000 0.039 0.000
12 20.0 43 0.5 —286,862.1 0.002 0.000 0.000 0.998 0.000
13 20.0 189 0.1 —287,683.7 0.010 0.000 0.000 0.990 0.000
14 24.9 110 348 —404,508.8 0.998 0.000 0.000 0.002 0.000
15 104.5 1.8 405.1 —23,191.0 0.042 0.000 0.000 0.860 0.098
16 49.2 14 405.1 —28,158.5 0.042 0.000 0.000 0.860 0.098
17 37.0 6.5 596.3 —29,091.0 0.050 0.000 0.000 0.847 0.102
18 108.3 6.1 596.3 —22,820.4 0.050 0.000 0.000 0.847 0.102
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Table 10

List of streams with their thermodynamic data, streams’ compositions and molar enthalpy for Case 4. Selected positions according to Fig. 7.

Stream no. Temperature (°C) Pressure (bar) Mass flow (kg/s) Molar enthalpy (kJ/kmol) Mole fraction
CO, I\ 0, H,0 MEA
1 94.0 1.0 650.9 10,847.1 0.038 0.748 0.124 0.090 0.000
2 42.0 1.0 646.7 9290.1 0.038 0.755 0.125 0.081 0.000
3 48.4 1.1 646.7 9479.3 0.038 0.755 0.125 0.081 0.000
4 45.9 6.8 689.9 —28,001.3 0.052 0.000 0.000 0.838 0.110
5 93.1 6.4 689.9 —23,8294 0.052 0.000 0.000 0.838 0.110
6 101.8 1.0 654.5 —22,039.7 0.025 0.000 0.000 0.862 0.113
7 54.4 0.6 654.5 —26,335.1 0.025 0.000 0.000 0.862 0.113
8 25.0 4.0 0.0 21,546.5 0.000 0.000 0.000 0.000 1.000
9 25.0 4.0 17.0 —34,106.1 0.000 0.000 0.000 1.000 0.000
10 49.5 1.0 628.4 9532.9 0.004 0.751 0.125 0.120 0.000
11 30.2 1.1 354 9578.1 0.961 0.000 0.000 0.039 0.000
12 20.0 43 0.5 —286,862.1 0.002 0.000 0.000 0.998 0.000
13 20.0 18.9 0.1 —287,683.7 0.010 0.000 0.000 0.990 0.000
14 249 110 3438 —404,508.8 0.998 0.000 0.000 0.002 0.000
Table 11
List of streams with their thermodynamic data, streams’ compositions, and molar enthalpy for Case 5. Selected positions according to Fig. 8.
Stream no. Temperature (°C) Pressure (bar) Mass flow (kg/s) Molar enthalpy (kJ/kmol) Mole fraction
CO, N, 0, H,0 MEA
1 94.0 1.0 650.9 10,847.1 0.038 0.748 0.124 0.090 0.000
2 42.0 1.0 646.7 9290.1 0.038 0.755 0.125 0.081 0.000
3 484 1.1 646.7 9479.3 0.038 0.755 0.125 0.081 0.000
4 41.8 6.8 667.9 —28,459.8 0.052 0.000 0.000 0.840 0.108
5 93.0 6.4 667.9 —23,955.7 0.052 0.000 0.000 0.840 0.108
6 101.7 1.0 632.4 —22,152.3 0.024 0.000 0.000 0.864 0.111
7 50.3 0.6 632.4 —26,794.2 0.024 0.000 0.000 0.864 0.111
8 25.0 4.0 0.1 21,546.5 0.000 0.000 0.000 0.000 1.000
9 25.0 4.0 7.6 —34,106.1 0.000 0.000 0.000 1.000 0.000
10 45.8 1.0 618.9 9393.6 0.004 0.769 0.128 0.100 0.000
11 30.1 1.1 355 9576.4 0.961 0.000 0.000 0.039 0.000
12 20.0 43 0.5 —286,862.1 0.002 0.000 0.000 0.998 0.000
13 20.0 18.9 0.1 —287,683.7 0.010 0.000 0.000 0.990 0.000
14 249 110 348 —404,508.8 0.998 0.000 0.000 0.002 0.000
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Nomenclature

h specific enthalpy (J/kg)

LHV lower heating value (J/kg)

mass flow rate (kg/s)

pressure (bar)

heat transfer flow rate (J/s)
Universal gas constant (J/(mol K))
specific entropy (J/kg)
temperature (K)

M shaft work rate (J/s)

X mole fraction

S=v ™o T3

Greek letters
E ¢ exergy, specific exergy, J (J/kg)

& specific molar exergy (J/mol)
v rational efficiency

Subscripts

0 environmental state

i i-th component of a mixture
r r-th thermal energy reservoir
act actual

cc CO; capture and compression
in input

ph physical

out output

rev reversible

1. Introduction

Carbon dioxide capture is considered as an option to reduce
the emissions of greenhouse gases and large efforts are devoted
to research and development. The main barrier for deployment
of industrial-scale CO, capture systems for power generation is
that these processes comes at the expense of the efficiency of
thermo-electrical power plants, and the plant power output and
available heat are also decreased. This necessitates the develop-
ment of improved capture processes with minimized parasitic
efficiency and power losses.

There are several processes to remove CO,, such as phys-
ical/chemical absorption, adsorption, cryogenic separation and
membranes. For post-combustion CO, capture from a natural-
gas-fired power plant, chemical absorption using amine solvents
is the most near-term technology according to the IEA report
(IEA, 2008). The main challenge of these processes is to develop
energy integrated processes with high capture ratio and low
energy requirement. Several studies are found in the literature that
discusses the two main paths; developing new solvents and opti-
mization of the process configuration (Jassim and Rochelle, 2005;
Oyenekan and Rochelle, 2007; Aroonwilas and Veawab, 2007;
Tobiesen and Dorao, 2008; Reddy et al., 2007).

Techno-economic and thermodynamic analyses that evalu-
ate natural-gas-fired combined-cycle (NGCC) power plants with
CO, capture units have been done recently (Peeters et al., 2007;
Hammond and Ondo Akwe, 2007; Schach et al., 2010). The thermo-
dynamic analyses consisting of energy and exergy analyses have
been performed by various researchers recently to evaluate the
performance of the power production cycles with CO, capture
(Lozza and Chiesa, 2002; Ertesvag et al., 2005; Zhang and Lior,
2008; Romeo et al., 2010; Amrollahi et al., 2011). In studies done by
Geuzebroek et al. (2004), Yu et al. (2009) and Valenti et al. (2009),
exergy analysis results of MEA and chilled ammonia based CO, cap-
ture processes have been presented. Heat integration suggestions

have been made by Pfaff et al. (2010) to achieve optimized heat
integration between the post combustion capture process and the
power plant.

This study was based on the several chemical absorption pro-
cess configurations that were analyzed and comparison of various
cases by Amrollahi et al. (submitted for publication). The approach
was the evaluation of net power plant efficiency (¥LHV) for the ref-
erence power plant and the integrated post-combustion capture
processes.

In the current paper, the second law of thermodynamics is used
as a tool to quantify the reduction of exergy penalty associated
with CO, capture for the proposed process modifications. These
processes were analyzed and compared according to their work
demand. Consequently, exergy analysis has been applied to detect
and demonstrate the changes of irreversibility rates in the main
process sections for various process configurations. Furthermore,
overall exergy analysis was performed to identify the irreversibil-
ities associated with the integration of power plant with various
CO,, capture and compression processes.

The remainder of this article is divided into Section 2, which
describes the methodologies used for simulation of MEA chemi-
cal absorption process and power plant and the fundamentals of
exergy analysis, Section 3, which includes the simulated models,
Section 4 that shows and discusses the results and Section 5 with
concluding remarks.

2. Methodology
2.1. Simulation of MEA chemical absorption process

The conventional process configuration for a gas treating sys-
tem with aqueous alkanolamine solution was simulated. The flue
gas was contacted with MEA solution counter-currently in a packed
absorber column. CO, was absorbed into the solvent which was
then heated and fed to the top of the stripping column. Steam,
which was provided by the column reboiler, stripped the CO, from
the MEA solution as it passed down the column, while the con-
denser provided reflux and the CO, recovered overhead as a vapor
product. The lean amine solution was cooled and recycled back to
the absorber.

The CO, capture and compression units were modeled with
UniSim Design software (Honeywell), which contains the Amines
Property Package. This special property package has been designed
to aid the modeling of alkanolamine treating units in which CO,
is removed from gaseous streams. The modeling details and the
basis of the simulations of UniSim Design have been presented by
Amrollahi et al. (submitted for publication).

For simulation of the gaseous streams in the flue gas cooling sec-
tion, blower section and compression section, the UniSim (2008)
enhanced Peng-Robinson equation of state was used, which is
applicable over the range of the current simulations.

2.2. Power plant simulations

The power plant subsystems included gas turbine (GT), heat
recovery steam generator (HRSG), steam turbine (ST) and con-
denser. The power plant simulations were done by GT PRO
(Thermoflow, Inc.), which is described in Section 3.1.

The energy analysis of the power cycles integrated with CO, cap-
ture plant, which is expressed in terms of power production penalty
and net power plant efficiency, has been thoroughly documented
by Amrollahi et al. (submitted for publication).

2.3. Exergy analysis

The exergy method of evaluating energy-intensive systems inte-
grates the first and second laws of thermodynamics at the state of
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specific environmental conditions. Exergy analysis, with its certain
methods of process evaluation, has proven to be an efficient tool
to define the second law performance of processes. It combines
the principles of conservation of mass and energy together with
the second law of thermodynamics to characterize the thermody-
namic losses associated with each unit of a system. Hence, it enables
to identify losses and to make improvements of energy consump-
tion. This is an advantageous method to approach the goal of more
efficient processes since it specifies the locations, types, and real
magnitudes of irreversibilities, either being reduced or dissipated.

The exergy of a stream can be divided into physical exergy
and chemical exergy. The physical exergy equals to the maxi-
mum reversible amount of work obtainable when the stream of
substance is brought from its actual state to the environmental
state defined by Py and Ty (Szargut et al., 1988) by physical pro-
cesses involving only thermal and mechanical interaction with the
environment. Assuming that potential and kinetic energy can be
neglected, it is expressed as:

& =(h—hg)—To(s — So) (1)

where h and s are the specific enthalpy and entropy, respectively,
and hg =h(Ty, Po) and so =s(To, Pp) for the flowing matter.

The chemical exergy of a substance is the minimum work
requirement to deliver it in the environmental state (Ty, Pg) from
the environmental substances by means of processes involving heat
transfer and exchange of substances only with the environment.
The standard chemical exergies of various substances are given in
the literature, e.g. Kotas (1995). The molar chemical exergy of an
ideal mixture is expressed as:

€= ZX,’E + RTOZXi In x; (2)
i i

where x; and &; are molar fraction and chemical exergy, respec-
tively, of each component in the mixture and R is the universal gas
constant.

The exergy loss of each individual unit can be calculated by find-
ing the difference between the exergy of input and output streams
of aunit operation. To find irreversible losses in each unit operation,
a steady-state exergy balance can be used;

§:me+§:@(17;%):§:ms+m&+i 3)
in r out

Here, m denotes mass flow rate, Q, denotes heat transfer rate,
Wy denotes shaft work and I denotes irreversibility rate. On the
left-hand side, the first term in Eq. (3) denotes the flow of exergy
into the system and the second term denotes the flow of exergy
associated with the inflow or outflow of the heat transfer. The first
right-hand side term denotes the flow of exergy out of the system.

Another important value resulting from exergy analysis is
exergy efficiency, which is defined in various formulations for dif-
ferent processes. In a general formulation, named as the rational
efficiency, it is expressed as the ratio of the useful exergy output to
the total used exergy (Kotas, 1995).

g = 2 Ak )
Z AEin

The rational efficiency differentiates between the desired output
exergy and any other kind of outflow from the system. This makes it
a proper value to present the degree of thermodynamic perfection
of a process.

Exergy analysis can be done when composition and thermo-
dynamic properties of all streams are available. For this purpose,
modeling software was used to simulate the power plant and CO,
capture and compression processes.

To calculate the chemical exergy of each stream, the chemi-
cal exergy of MEA in liquid phase was required. The value used in
these calculations was estimated by the group contribution method
(Szargut et al., 1988) to 1.536 x 106 kJ/kmol. This method considers
the contribution of simple chemical groups in chemical enthalpy
and exergy and it can be used when the chemical constitution of
the substance is known. MEA with molecular formula of C;H;NO

has the group constituents —C‘Hz. -OH and -NH; and its chemi-
cal exergy was calculated accordingly. Furthermore, the reference
environment for exergy calculations was assumed at Tp =298.15K,
Py =101.325kPa and the reference composition as defined by Kotas
(1995).

For exergy calculations, the chemical and physical exergy of all
streams were tabulated in excel spreadsheets with the data input
from Unisim simulations. Hence, the amounts of exergy loss and
irreversibility were calculated and formed exergy balance for each
control region. For the power plant, the results were based on the
GTRPO exergy calculations.

3. Model description
3.1. Reference NGCC without CO, capture

The natural-gas-fired combined-cycle power plant was
designed with power plant configuration of GT, HRSG and
triple-pressure-condensing-reheat ST at an ambient-air condition
of 25°C and atmospheric pressure. The gas turbine Siemens SGT5-
4000F was selected from the GT PRO library. The fuel was natural
gas without H,S with 46.3 M]/kg as lower heating value (at 25°C),
which equaled to 681.4 MW as the fuel heat input to the GT and
the chemical exergy of 48.5MJ/kg. The flue gas flowing through
the HRSG exited as exhaust gas with a flow rate of 650.9kg/s at
atmospheric pressure and 94°C. The flow sheet of the designed
combined cycle power plant is shown in Fig. 1.

3.2. CO; capture scenarios

In the current study, six different CO, capture process config-
urations (Figs. 2-4) were simulated. After an initial design, some
of the main parameters affecting the capture processes were var-
ied towards the optimization of the processes. The optimization
target was the reduction of reboiler energy consumption and the
total work demand of the CO, capture plant. Here, the cases
will be described briefly, yet the thorough process information
was included in the first paper (Amrollahi et al., submitted for
publication).

3.2.1. Base case model

As a Base case, the chemical absorption CO, capture and com-
pression units shown in Fig. 2 were simulated with the capture ratio
set at 90%. Table 1 shows the flue gas specifications and design
parameters for the chemical absorption and compression units,
which were held constant for all cases. The absorber performance
was controlled by adjusting the solvent circulation rate to meet 90%
CO, capture ratio.

The lean solution CO, molar fraction and the condenser tem-
perature were specified as the stripper specification. The former
parameter was optimized to reach the lowest reboiler duty in
the Base case and the other cases. Additionally the rich and lean
loading and solvent circulation rate were among the optimized
parameters for each case. The figures of the optimized parame-
ters are shown in Table 2 for the Base case and the other cases as
well.
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Gross power output [MW] 3913
Gross elect. eff. LHV% 57.4
Net power output [MwW] 384.3
Net elect. eff. LHV% 56.4
Flue gas 124P
1.013 P Staain
94T f

3.8% CO, Turbine @ 128.5 MW

12.4% 02

9 % H.0 Cold

74.8% N, Reheat

Condenser Air
Hot Reheat 1.013 P
25T
To HRSG
° 636.2 M
J, Natural
Gas
Feed Water
to HRSG HRSG 1.04P .
— 593 T Gas Turbine p [é;]]
651 M 262.8 MW @100% Load m [kgis]

Fig. 1. Flowsheet of the reference power plant.

3.2.2. Absorber inter-cooling model (Case 1)

By inter-cooling the absorber, heat of absorption was released
and the liquid temperature at the absorber bottom was reduced.
The absorber temperature reduction was in favor of higher driv-
ing forces for the absorption process and increased the absorption
capacity of the solvent, i.e. solvent rich loading. The modification
to the Base case as illustrated in Fig. 2, was to extract a semi-rich

CO, to Storage

Cooler

Amine 8
make-up

Cooler
Blower

Amine Out
Rich Pump

Lean Pump
0 Q4—
Scrubber

Rich/
Lean HX

stream from the lower part of the absorber, cool in an inter-stage
cooler down to 25 °Cand recycle it to the absorber column. All other
process units were identical to the Base case. The flow rate and the
location of the side-stream which was sent to the inter-stage cooler,
were subject to optimization to achieve lower reboiler duty com-
pared to the Base case. Due to the higher attainable rich loading and
reduction in the solvent circulation rate, the stripper reboiler duty

CO, to
Compression

Lean Amine Qut

é Reboiler

Fig. 2. Flow sheet of the chemical absorption CO, capture and compression unit without (Base case) and with (Case 1) absorber inter-cooling. Here the dashed part added

to the Base case flow sheet demonstrates the absorber inter-cooling model (Case 1).
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Fig. 3. Flow sheet of the chemical absorption with split-flow feed to stripper without (Case 2) and with (Case 3) absorber inter-cooling. Here the dashed part added to Case

2 flow sheet demonstrates the absorber inter-cooling model (Case 3).

Table 1
Design parameters for all process configurations.
Solvent 30 wt.% MEA
CO;, capture ratio? 90 %
Flue gas mass flow 650.9 kg/s
Flue gas composition
CO, 3.80 vol%
0, 12.42 vol%
N, 74.76 vol%
H,0 9.02 vol%
Rich/lean HX minimum approach temperature 8.5 °C
CO, compression final pressure 110 bar
Absorber
No. of stages 13
Pressure drop 50 mbar
Inlet lean temperature 40 °C
Cooled flue gas inlet temperature 50.3 °C
Stripper
No. of stages 36
Condenser temperature 30 °C
Reboiler pressure 1.86 bar
Cooling water temperature 8 °C
Cooling water AT 10 K
Steam to reboiler
Temperature 145 °C
Pressure 4 bar
Condensate
Temperature 130 °C
Pressure 3.92 bar

4 CO, capture ratio is defined as the fraction of CO, that is separated from the flue
gas.

was decreased. Table 2 shows the lean solution CO, molar fraction
at the bottom of the stripper which was subject to optimization and
the rich and lean loading and the solvent circulation rate for this
process configuration.

3.2.3. Split-flow model (Case 2)

The split-flow configuration for chemical absorption processes
was designed according to the concept of thermodynamic opti-
mization based on the reduction of driving forces to reduce steam
consumption of solvent regeneration. In general the changes in
flowsheets that make driving forces more uniform can simulta-
neously reduce both exergy losses and capital investments (Leites
et al., 2003). In this configuration, instead of single rich amine feed
stream to the stripper column, there are split-flows fed to the col-
umn. The idea is to approach the theoretical level of adding and
removing all flow streams which causes more evenly distribution
of component concentration driving forces (mass transfer core)
through the vapor and liquid phase.

In this flowsheet, the rich amine leaving the absorber was split
between two feed points to the stripper; one stream entered the
top of the stripper and left it from the middle point and returned
to the middle of the absorber. The other split entered the bottom
of the stripper and left it towards the top of the absorber. Since less
amount of rich amine enters the stripper bottom section, the sol-
vent was stripped to the same CO, loading with lower energy input.
Moreover, since semi-rich amine entered the absorber column at
25°C, the split-flow behaved as an intercooler for the absorber col-
umn with some of the effects discussed in Section 3.2.2. The split
flow fraction, the feed tray of the second split to the stripper, the
flow rate and the feed location of semi-rich amine that returns to
the absorber were subject to optimization in this configuration.

3.2.4. Absorber inter-cooling combined with split-flow model
(Case 3)

This process configuration illustrated in Fig. 3 combined the
effect of inter-cooling of absorber column and the split-flow con-
figuration. The parameters which were subject to optimization

Table 2
Optimized design parameters for various process cases.
Base case Case 1 Case 2 Case 3 Case 4 Case 5
CO, mole fraction in lean solution 251 %102 247 x10°2 2.45x 1072 247 x10°2 2.5x10°2 248 x10°2
Lean loading 0.22 0.22 0.22 0.23 0.23 0.23
Rich loading 0.47 0.48 0.47 0.49 0.47 0.48
Solvent circulation rate [kg/s] 649.4 613.8 550.3 529.3 641.2 611.1

CO; loading is defined as the ratio of CO, mole fraction to MEA mole fraction in the solution.
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CondenEar Compression

Stripper Vapor
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Flash

Fig. 4. Flow sheet of the chemical absorption with lean vapor recompression stripping without (Case 4) and with (Case 5) absorber inter-cooling. Here the dashed part added

to Case 4 flow sheet demonstrates the absorber inter-cooling model (Case 5).

include the flow-rate of inter-cooled stream, the split flow fraction
and the flow rate of semi-rich amine from the stripper.

3.2.5. Lean vapor recompression (LVR) model (Case 4)

The purpose of the vapor recompression concept was to provide
steam that is regained from the stripping process as the heat-
ing media to the reboiler and was performed by flashing the lean
solution to generate the steam feed which was introduced to the
stripper column via a compressor. As illustrated in Fig. 4, the leav-
ing lean solution from the stripper decreased its pressure through a
flash valve to one bar and was flashed through a flash drum to pro-
duce the gaseous phase. This gaseous phase was composed mainly
of water vapor, which was recompressed to two bar and reintro-
duced to the stripping column. Similar to the Base case, the liquid
phase was cooled by the rich solvent and returned to the absorber.
The optimized CO, mole fraction at the bottom of the stripper and
rich and lean CO, loading are shown in Table 2.

3.2.6. LVR combined with absorber inter-cooling model (Case 5)
This process configuration illustrated in Fig. 4 combined the
effects of absorber inter-cooling and the lean vapor recompression.

4. Results and discussion
4.1. CO; capture and compression plant

In this section, the CO, capture and compression units were
divided into control regions to perform exergy balances over each

control region and irreversibility calculations. Data for the streams
from the simulations for the various cases are reported in Appendix
A.

4.1.1. The total work demand of various CO, capture process
configurations

The process configurations described in Section 3.2 were opti-
mized with respect to low energy consumption. As suggested by
Leites et al. (2003), the fundamental concept behind the modifica-
tions should imply the minimization of the driving forces along the
columns and heat exchangers and the reduction of the wasted heat.
Avoiding the additional driving forces and maximization of thermo-
dynamic potentials were the key concepts regarded in optimization
of energy consumption in these processes.

The total work demand for all the process configurations are
given in Table 3. As listed, the total work demand of the capture
and compression process consisted of the work equivalent of the
regeneration energy that was in the form of steam to the reboiler,
the power requirement for the pumps and the blower and the
compressor in LVR configurations, and the CO, compression work
demand.

Obviously, as the reboiler duty was decreased from the Base
case to the last case, the total work demand for each case was
decreased. By absorber inter-cooling modification (Case 1), less
total work demand was achieved compared to Base case. Also split-
flow (Case 2) modification led to less total work demand compared
to Base case. So the interaction of these process modifications (Case
3) led to a significant improvement and less total work demand.

Table 3
Total work demand [M]/kg CO;] for the optimized process configurations.
Base case Case 1 Case 2 Case 3 Case 4 Case 5
Power production penalty for solvent regeneration 0.90 0.88 0.84 0.80 0.66 0.65
CO, compression work 0.33 0.33 0.33 0.33 0.33 0.33
Other work-pumps, blower 0.15 0.15 0.16 0.16 0.25 0.25
Total work 1.39 1.36 133 1.29 1.25 1.23
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Table 4
Exergy efficiency (¥¢c) for CO, capture and compression plant.
Base case Case 1 Case 2 Case 3 Case 4 Case 5
CO;, capture process [%] 213 21.9 22.6 23.6 24.5 25.0
Compression process [%] 64.3 64.3 64.3 64.3 64.3 64.3
Total [%] 31.6 323 33.0 341 35.1 35.6

It should be mentioned that for the Cases 4 and 5, the compres-
sor work needed for lean vapor recompression increased the work
amount that is covered under the Other work term. Nevertheless,
the major reduction of energy requirement of the reboiler caused
the reduction of total work demand for Cases 4 and 5.

The CO, compression work demand remained constant since
the capture rate was set at 90% of the CO, content of the entering
flue gas that was kept constant in all cases.

4.1.2. Exergy efficiency

According to the second law of thermodynamics, the required
work input for a reversible process is the minimum work input
required to accomplish that process. The work input for real
irreversible processes is always higher than the work input of the-
oretical reversible processes. For the current chemical absorption
unit, the minimum reversible work of 90% separation of CO, from
the power plant exhaust stream was calculated to 0.225 MJ/kgCO,
on the basis of the approach of Cengel and Boles (2006). The min-
imum reversible work of compression of pure CO, stream from
1.1bar to 110bar was calculated as the exergy difference of the
second and first states. Using the Peng and Robinson (1976) equa-
tion of state, the minimum work demand for compression of pure
CO; to 110bar and 30°C was calculated to 0.213 MJ/kg CO-. Alter-
natively, when using the improved equation of state by Span and
Wagner (1996), the minimum work demand of the CO, compres-
sionresulted in 0.216 MJ/kg CO,. Here, the former number was used
for the consistency of calculations.

Considering the actual work demand from Table 3, the exergy
efficiency of the CO, capture unit, the compression unit and the
total exergy efficiency of the CO, capture and compression plant
were presented in Table 4. Here, the exergy efficiency was defined
as the ratio of minimum, theoretical-reversible work required to
actual work required in the process, i.e. Ycc = Wyey/Wact.

As the results show, the total exergy efficiency increased from
the Base case to the last case. The maximum increase in exergy
efficiency was observed at 4.0 percentage points for Case 5.

4.1.3. Irreversibility rates

Eq. (3) was used for irreversibility calculations, and the control
region was considered around each unit taking into account the
exergy inflow and outflows to/from each control region.

Since the local driving forces were rather high and unevenly
distributed along the absorber and stripper, their irreversibilities
were high. In the stripper section, high amount of heat exchange in
the reboiler with the associated large driving forces at the bottom
of the stripping column was in favor of the stripping process of CO,

from the amine solution. On the other hand, this also increased
the irreversibilities in the stripper. As mentioned earlier, an even
distribution of driving forces over the unit operations would be the
optimal solution for decreasing irreversibilities. Table 5 shows the
irreversibilities of process units for various process configurations.

As the total work demand of CO; capture and compression pro-
cesses, including power production penalty due to steam use, was
decreased from the Base case to Case 5, the irreversibilities were
decreased predictably along the cases. The key parameters deter-
mining the irreversibility rates were the non-uniform temperature
driving forces, work inputs to each control region, water and MEA
make-up amounts and streams’ composition changes. The latter
parameter determined the chemical exergy of streams and affected
the exergy balances over the units.

The comparison between cases without and with absorber
inter-cooling shows the increased absorber and decreased strip-
per irreversibilities. For the absorber section, the supporting reason
would be that because of inter-cooling effect, the temperature driv-
ing forces were higher, which would add up to the irreversible
losses. Looking to Fig. 5, taking Base case and Case 1 for instance, the
temperature profile of Case 1 for the absorber section shows higher
temperature changes in the bottom section of the column since the
cooled stream was fed close to the absorber bottom. These higher
non-uniform temperature driving forces were in favor of higher
separation process rates, however, resulted in increased exergy
losses. The increased absorber exergy losses from the Base case
to Case 3, i.e. the combination of split-flow and absorber inter-
cooling modifications, could be explained with the same reason.
Regarding temperature changes, the cooled semi-rich amine was
returned to the middle of the absorber (Fig. 3), which caused higher
non-uniform temperature driving forces. Moreover, the tempera-
ture distribution along the absorber stages, which is shown in Fig. 5,
showed the highest temperature changes for Case 3 and the lowest
temperature changes for the Base case and Case 4. This led to the
highest absorber irreversibility rates for Case 3 and the lowest for
the Base case and Case 4.

The increased rich loading at the bottom of the absorber was
regarded as another effect of the absorber inter-cooling process
configuration. This meant lower chemical exergy outflow of the
rich amine solution from the absorber comparing to the case with-
out inter-cooling and, consequently, resulted in the increase of
exergy losses considering the exergy balance. A slight decrease
in the chemical exergy of make-up streams was observed when
cases with absorber inter-cooling was compared to cases without
absorber inter-cooling, however it did not lead to a decrease in the
irreversibility rates due to inter-cooling.

Table 5
Irreversibility [M]/kg CO, separated] by unit sections for the CO, capture and compression plant.
Base case Case 1 Case 2 Case 3 Case 4 Case 5

Flue gas cooler 0.10 0.10 0.10 0.10 0.10 0.10
Blower 0.03 0.03 0.03 0.03 0.03 0.03
Absorption section 0.71 0.74 0.88 0.99 0.71 0.72
Rich/lean heat exchanger(s) 0.02 0.02 0.02 0.01 0.11 0.11
Stripper 0.60 0.54 0.38 0.24 0.26 0.19
Compression section 0.14 0.14 0.14 0.14 0.14 0.14
Total 1.60 1.57 1.54 1.51 1.35 1.29
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Fig. 5. Absorber temperature profile. Column stages were numbered from the bottom to the top.

It was clear from the results that the process modification of
LVR would not increase the absorber irreversibility, i.e. the situa-
tion between the Base case and Case 4 and similarly for Cases 1 and
5. According to Fig. 5, the temperature profiles were close to each
other for the mentioned cases, which meant that the absorber irre-
versibility results for the addressed cases would remain in the same
range when adding the LVR modification to the capture process.

The results of irreversibility calculations for the stripper showed
the lowest rates for Case 5.

It was observed that the absorber inter-cooling effect resulted
in a reduction of stripper irreversibility rate. One of the effects
of inter-cooling was regarded as increasing the rich loading. This
meant lower exergy inflow of the rich amine solution to the strip-
per compared to the case without inter-cooling. Additionally, as
the inter-cooling resulted in the decreased reboiler steam demand,
the steam exergy flow to the stripper was less for the cases
with inter-cooling, which resulted in lower exergy losses in the
stripper.

For the cases with split-flow configuration, semi-rich amine
streams (Fig. 3, Stream No. 15) were side-drawn from the stripper
for the sake of lower reboiler duty. Since the portion of solution that
was flown through the reboiler and thoroughly stripped of CO, was
less than the cases without split-flow configuration, the reboiler
duty and the steam exergy transfer to the reboiler was decreased
and the stripper irreversibilities was decreased. Additionally, the
low molar exergy inflows of rich amine to the top and middle of
the stripper (Fig. 3, Stream Nos. 5 and 18) were among the other
parameters which led to decrease the exergy losses. Moreover, the
split-flow configurations enabled a more uniform temperature dis-
tribution of rich solution to the stripper, i.e. the split stream to the
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Fig. 6.

top of the stripper (Fig. 3, Stream No. 5) had lower temperature,
and the split stream to the middle of stripper (Fig. 3, Stream No.
18) had higher temperature (Fig. 6). This means that the colder
stream entered the colder part of the stripper, the exergy loss due
to condensation of water vapor decreased and the hotter stream
was fed to the bottom part of the stripper. This caused the decrease
in the condenser exergy losses and accordingly the stripper exergy
losses.

Comparing the cases without and with LVR, the results show
a decrease in stripper irreversibilities for the cases with LVR. By
the LVR modification, the heat of condensation of overhead water
vapor at the stripper column was used as the heating media for the
reboiler. The lean solution was flashed to produce steam that was
compressed and re-introduced to the stripper. By this design, the
total reboiler steam requirement was reduced. Hence, the steam
exergy transferred to the stripper was diminished. This design
resulted in lower lean solution temperature, which means that the
available heat through rich/lean heat exchanger was less. This led
to lower stripper feed temperature and consequently, less cooling
duty was needed for the overhead vapor condensation. Although
an additional work input was imposed to the system because of
the vapor compressor, which accumulated to the stripper control
region exergy inputs, the substantial decrease in the reboiler work
demand led to less irreversibility for the cases with LVR.

Another parameter that affected the stripper exergy losses was
the sudden temperature change at the stripper condenser and the
return of cooled condensed solution to the stripper. The stripper
temperature profile is shown in Fig. 6, and sudden temperature
changes along the higher stages are observed. Along the modifica-
tions from the Base case to Case 5, the temperature differences at
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Fig. 7. Block scheme for the demonstration of inflow and outflow of exergy to/from the control region of NGCC with CO, capture and compression plants. The scheme does
not show the path of streams inside the control region. The overall control region is shown by dashed line. CW here denotes the cooling water supply and return.

the top of the stripper were decreased gradually to more uniform
and lower values, which demonstrated the reduction of exergy
losses over the range of cases.

The irreversibilities for the flue gas cooler and blower remained
unchanged along the process modifications from Base case to Case
5. Since the flue gas conditions were constant, these process units
were unchanged, and the corresponding exergy balance over these
units resulted in the same figures for all cases (Table 5). Moreover,
the irreversibilities of the compression section were also constant,
since the flue gas was constant along the process modifications
and 90% of CO, from the flue gas was separated and sent to the
compression section. Hence, the exergy balance calculations for
the compression section resulted in the same amounts for all the
process modifications.

4.2. Natural gas fired power plant

The exergy balance (Eq. (3)) was used over the power plant con-
trol region for the reference case, i.e. without the CO, capture, and
other cases from the Base case to the fifth case, i.e. power plant cou-
pled with the chemical absorption and compression plants. Fig. 7
illustrates the exergy streams to/from the control region. As listed
in Table 3, Wcaptu,e+compression comprises the rich and lean amine
pump work demands, the blower work demand, the vapor com-
pressor work demand for Cases 4 and 5, and the CO, compression
work demand. The results of exergy calculation for the power plant
with CO, capture are shown in Table 6.

The energy analysis was done on the integration of each of the
cases with the reference power plant and the results of net power
plant efficiency (%¥LHV) have been presented by Amrollahi et al.
(submitted for publication) for the same process modifications. It
is stated that the total work demand for the CO, capture and com-
pression plant was reduced from the Base case to Case 5 and the
power plant efficiency penalty was decreased from 7.0 percentage
points for the Base case to 6.2 percentage points for Case 5. More-
over, the net power plant work output was increased from the Base
case to Case 5.

The net power plant work output, which is equivalent to exergy,
and the pure pressurized CO, stream, which is a thermodynamic
asset of the separation process, were considered as the exergy bal-
ance outputs over the control region. The exergy inputs and outputs
combined with the irreversibility results, which were calculated in
each subordinate control region, are presented in Table 6.

Table 6 shows the rational efficiency of the power plant with
CO; capture and compression. It was increased from 48.5% for the
Base case process configuration to 49.5% for the modified chemi-
cal absorption process configuration of lean vapor recompression
with absorber inter-cooling. The cases were evaluated by the com-
bination of power plant efficiency analysis and the exergy analysis
and determined the modified chemical absorption process config-
uration of lean vapor recompression with absorber inter-cooling
as the best choice. However, the main limitation of these improve-
ments is the increase of complexity which, would lead to higher
costs of design and operation.

4.3. Overall discussion

In the present study, exergy analysis was used to understand the
effects of process-configuration modifications leading to improved
performance. However, several other modifications could be trig-
gered by the findings to further improve and optimize the current
configurations.

As the inter-cooling individually and combination of inter-
cooling with split-flow modification pointed out, the increased rich
loading was in favor of CO, separation process by increasing the
absorber driving forces. Thus increased rich loading led to lower
rich-stream exergy, higher absorber exergy losses, lower reboiler
work demand, lower stripper exergy losses and higher CO, capture
exergy efficiency. This points towards process-configuration mod-
ifications with several steps of inter-cooling along the lower stages
of the absorber.

By adding the rich-stream splits to the stripper, the stripper
exergy losses are expected to decrease since the temperature driv-
ing force will be distributed more gradually along the stripper.



Table 6
Overall exergy balance results for the NGCC without and with post-combustion CO, capture (see Fig. 7).

Reference plant Ref. plant +Base case Ref. plant + Case 1 Ref. plant+ Case 2 Ref. plant +Case 3 Ref. plant + Case 4 Ref. plant + Case 5
without capture

Exergy input® (MW)

Fuel exergy 7139 713.92 713.92 713.92 713.92 713.92 713.92
CW exergy to the stripper condenser - 226 213 141 1.08 095 093
CW exergy to the compression - 0.93 093 0.93 0.92 0.93 0.94
section inter-coolers
Water + MEA make-up to the - 12.73 9.67 11.10 9.49 11.64 6.54
absorber
CW exergy to the lean amine cooler - 157 1.03 111 0.51 1.54 1.07
CW exergy to the flue gas cooler - 1.96 1.96 1.96 1.96 1.96 1.96
CW exergy to the absorber - 1.62 1.78 3.76 1.54
inter-coolers/split cooler
CW exergy to the power plant 14.8 8.81 9.01 9.23 9.58 10.37 10.45
condenser

Exergy output (MW)
Net power output® 384.3 336.30 337.49 338.44 340.42 341.09 341.78
Exergy of the separated and - 2345 23.38 23.44 23.16 23.44 23.47

compressed CO,

Irreversibility rates (MW)
CO; capture and compression plant - 56.54 55.30 54.69 5295 47.96 45.65
(from Table 5)

Compression section drains - 0.36 0.36 0.36 0.36 0.36 0.36
Exergy to stack® 18.4 7.60 542 5.80 4.42 7.7 5.21
Flue gas cooler drain - 2.89 2.89 2.89 2.89 289 2.89
Power plant 326.0 315.14 315.49 315.86 316.52 317.84 317.97
Rational efficiency, ¥ (%) 52.7 48.5 48.7 48.8 49.1 49.2 49.5

2 CW denotes the cooling water. CW exergy in this table is presented as the difference of physical exergy amounts of the supply and return cooling water to each unit.
b Net power output results was presented by Amrollahi et al. (2011).
© For the reference power plant, it was considered as the exergy of the released flue gas to the atmosphere. For cases with CO, capture, “Exergy to stack” is defined as the exergy outflow of stream leaving the top of the scrubber.
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Table 7
Calculated exergy amounts for Base case and Case 1. Selected positions according to Fig. 2.
Stream no. Pressure (bar) Base case Case 1
Temperature (°C) Exergy (MW) Exergy (kJ/kg CO2) Temperature (°C) Exergy (MW) Exergy (kJ/kg CO2)
1 1.0 94.0 173 489.0 94.0 17.3 489.0
2 1.0 42.0 12.8 361.7 42.0 12.8 361.7
3 1.1 48.4 16.1 455.2 48.4 16.1 455.2
4 6.8 46.0 5206.6 146965.7 41.4 4915.7 139206.9
5 6.4 1103 5313.5 149983.3 110.2 5025.1 142304.2
6 1.9 119.0 5315.4 150037.9 119.0 5027.9 142383.9
7 1.5 54.5 5207.9 147004.5 49.9 4918.0 139270.4
8 4.0 25.0 1.8 50.2 25.0 5.2 146.0
9 4.0 25.0 11.0 309.2 25.0 4.5 128.0
10 1.0 49.4 7.6 214.6 45.6 5.4 153.6
11 1.1 30.1 16.1 454.8 30.1 16.1 454.8
12 43 20.0 0.3 9.1 20.0 0.3 9.1
13 18.9 20.0 0.0 1.1 20.0 0.0 1.1
14 110 249 235 662.0 249 235 662.0
Table 8
Calculated exergy amounts for Case 2 and Case 3. Selected positions according to Fig. 3.
Stream no. Pressure (bar) Case 2 Case 3
Temperature (°C) Exergy (MW) Exergy (k]J/kg CO,) Temperature (°C) Exergy (MW) Exergy (kJ/kg CO2)
1 1.0 94.0 173 489.0 94.0 17.3 489.0
2 1.0 42.0 12.8 361.7 42.0 12.8 361.7
3 1.1 48.4 16.1 455.2 48.4 16.1 455.2
4 6.5 435 2875.1 81197.7 37.0 2808.7 80284.5
5 6.1 98.2 2926.7 82656.0 96.0 2863.5 81848.5
6 1.9 119.1 4504.6 127217.2 118.9 4335.6 123926.5
7 15 52.0 4409.3 124528.2 45.5 42344 121034.6
8 4.0 25.0 4.6 128.7 25.0 8.7 249.3
9 4.0 25.0 6.5 184.8 25.0 0.8 221
10 1.0 46.7 5.8 163.7 43.5 4.4 126.4
11 1.1 30.1 16.1 454.7 30.1 15.9 454.6
12 43 20.0 03 9.1 20.0 0.3 9.1
13 189 20.0 0.0 1.1 20.0 0.0 1.1
14 110 249 235 662.0 249 23.5 662.0
15 1.8 106.7 2835.7 80086.8 104.5 2850.5 81477.6
16 14 53.7 2784.0 78624.7 49.2 2796.0 79919.4
17 6.5 435 4312.6 121796.6 37.0 4213.1 120426.7
18 6.1 109.5 4407.2 124467.8 108.3 4313.6 123297.9
Table 9
Calculated exergy amounts for Case 4 and Case 5. Selected positions according to Fig. 4.
Stream no. Pressure (bar) Case 4 Case 5
Temperature (°C) Exergy (MW) Exergy (kJ/kg COy) Temperature (°C) Exergy (MW) Exergy (kJ/kg CO>)
1 1.0 94.0 173 489.0 94.0 17.3 489.0
2 1.0 42.0 12.8 361.7 42.0 12.8 361.7
3 1.1 48.4 16.1 455.2 48.4 16.1 455.2
4 6.8 459 5139.7 145135.9 41.8 4898.5 138158.1
5 6.4 93.1 5215.8 1472845 93.0 4978.1 140402.9
6 1.0 101.8 5222.3 147469.2 101.7 4986.2 140632.7
7 0.6 54.4 5142.2 145207.6 50.3 4902.8 138279.3
8 4.0 25.0 0.6 16.1 25.0 1.6 44.5
9 4.0 25.0 11.1 312.7 25.0 5.0 139.8
10 1.0 49.5 7.7 217.6 458 5.2 146.8
11 1.1 30.2 16.0 451.0 30.1 16.1 454.8
12 43 20.0 03 9.1 20.0 0.3 9.1
13 189 20.0 0.0 1.1 20.0 0.0 1.1
14 110 249 235 662.0 249 23.5 662.0

Simultaneously, taking a cooled-semi-rich side-stream from the
stripper and returning it to the absorber will additionally increase
the rich loading with the effects mentioned previously.

The combination of LVR and the split-flow configuration could
be another interesting modification to be examined. The stage tem-
peratures will be decreased at the top part of the stripper and
gradually decreased along the stripper. Thus, the condensation

exergy losses is reduced and more reduction in stripper exergy
losses is expected.

The modified chemical absorption process configuration of LVR
with absorber inter-cooling appeared as the best process accord-
ing to lowest power demand and exergy losses. Yet, these modified
process configurations would pay for energy savings with their
higher investment costs. This necessitates the combination of
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overall economical and technical analysis for the power plant
with capture and compression to avoid costly and non-operable
designs.

5. Concluding remarks

Exergy analysis was applied to evaluate the exergy effi-
ciency of an NGCC power plant integrated with an optimized
post-combustion CO, capture and compression plant. Six chemical
absorption plant configurations for CO, capture were analyzed and
compared according to their total work demand and their exergy
losses. These cases comprised a Base case, Case 1 as the chemi-
cal absorption process with absorber inter-cooling, Case 2 as the
chemical absorption process with split flow configuration, Case 3
as the chemical absorption process with absorber inter-cooling and
split flow configuration, Case 4 as the chemical absorption process
with lean vapor recompression (LVR) and Case 5 as the chemical
absorption process with absorber inter-cooling and LVR.

Comparing Case 5 to the Base case, the reboiler energy con-
sumption decreased from 3.74 MJ/kg CO, to 2.71 M]/kg CO-,, and the
total work demand for the CO, capture and compression plant was
decreased from 1.39 MJ/kg CO, to 1.23 M]/kg CO,. Considering the
minimum work requirement of separation processes, the exergy
efficiency of the capture and compression plants was increased
from 31.6% for the Base case to 35.6% for Case 5.

The irreversibility rates were calculated for each of the process
sections of the CO, capture and compression plant and summed to
the total irreversibility of the plant. The results showed decreased
irreversibilities from 1.60 MJ/kg CO for the Base case to 1.29 M]/kg
CO, for Case 5.

The findings from the process modifications were included but
not limited to following expressions:

e The inter-cooling process modification would increase the
absorber irreversibilities yet reversely, decreased the stripper
irreversibilities. The absorber inter-cooling modification was
combined with other modifications as an efficient method to
decrease irreversibilities and the total work demand.

e The split-flow process modification led to a significant increase
of absorber irreversibilities and a major decrease in the strip-
per exergy losses. The introduction of the cooled semi-rich
side-stream to the absorber caused a significant increase in the
absorber irreversibility. However, the total irreversibility was
reduced comparing the cases with split-flow to the Base case and
Case 1.

e The LVR process modification would not increase the absorber
irreversibility, yet decreased the irreversibility associated to
the stripper substantially. The heat of water vapor conden-
sation was regained through the vapor compressor in the
form of steam; thus the total work demand was decreased
significantly.

The rational efficiency of the power plant with CO, capture and
compression was evaluated for all of the cases. The results showed
an increase in rational efficiency from 48.5% for the power plant
integrated with the Base case chemical absorption process con-
figuration to 49.5% for the modified chemical absorption process
configuration of lean vapor recompression with absorber inter-
cooling. The latter capture process was the best process with the
lowest power demand, irreversibility amounts and the highest
exergy efficiency.
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Appendix A.

The details of the streams resulting from the simulations for
each of the cases are reported here in Tables 7-9. The points that
are selected to show in the tables consist of but are not limited
to; flue gas entering the chemical absorption process, the exhaust
gas which is leaving from the top of the scrubber, rich amine from
the absorber and lean solution from the stripper, amine and water
make-ups stream of captured CO, and stream of compressed CO,.
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