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Problem Description

At the planned HyNor node at Romerike, hydrogen gas is to be produced from solar energy and bio
energy. The bio energy which will be used will most likely be land fill gas from the land fill at Bgler
in Skedsmo municipality. The hydrogen production unit is planned to be located at the site of
Akershus Fjernvarme AS’s new central heating plant in Lillestrgm. The hydrogen production from
the land fill gas will be carried out via SE-SMR(Sorption Enhanced Steam Methane Reforming).

The main focus of the thesis will be on the SE-SMR reactor. The physical and thermochemical
processes are studied closer, with a special emphasis on the regeneration/calcination of the C02
sorbent which is a central part of SE-SMR, and different ways of providing the necessary heat for
the calcination.

In using an appropriate modelling program, the necessary heat exchange in the calcination
reactor will be modelled. The model will be based upon parameters from the planned hydrogen
production at HyNor Romerike.
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Abstract

Sorption Enhanced Steam Methane Reforming (SE-SMR) is a novel way of reforming
natural gas to high purity hydrogen gas with in-situ CO, capture by the introduction of
a CO; sorbent. The process is carried out in two steps. In the first step, hydrogen is
produced and CO, is absorbed by the sorbent. In the second step, the sorbent is
exposed to high temperature heat and the CO, is released. For the reforming to run
continuously, two bubbling fluidized beds (BFB) can be coupled, one working as a
reformer and the other one as a regenerator of the CO, sorbent. The reformer works at
a temperature around 500°C and the regenerator at around 900°C. Once the reactions
in the reformer are being carried out the reformer works at a near autothermal state
due to the exothermic reaction between CO, and the sorbent. The regenerator
however needs to be continuously supplied with heat to maintain at least 900°C and

for the endothermic calcination reaction of the sorbent to be carried out.

One of the ways of providing heat to the process is by internal heat exchanger tubes.
The advantage of using heat exchanger tubes is that no extra gas is added to the gas
already in the bed (used interchangeably with reactor), thus not disturbing the
volumetric flow and gas composition of the bed. For sequestration purposes, if the
gases within the bed are not disturbed by for example nitrogen, N, they will be easier
to separate and sequester. An analytical calculation of the energy balance of a
calcination reactor with horizontal heat transfer tubes was carried out, and the
necessary effect was found to be 14.02kW, which equates to a heat exchanger with 96
tubes in 8 rows, taking up 26¢cm height in the reactor. Transferring heat via exhaust

gas through metal tubes does however not yield a high thermal efficiency.

One way of improving the efficiency of the calcinator is burning fuel gas directly in
the reactor. This will lead to a direct heat exchange between the exhaust gas and the
sorbent. On the other hand will the direct burning with air as an oxidizer lead to high
fractions of N in the reactor. Considering that the gas in question in this work is
biogas, the release of CO, from the combustion is technically carbon neutral.

Calculations for the necessary heat exchanger surface area and combustion rate of
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methane for the in-reactor combustion alternative have been carried out analytically,

and a model of the in-reactor combustion has been established.

At first, a fully fluidized bed model with integrated methane combustion was planned.
Due to limitations of the modeling program and conversations with experts on the
scope of the work in relation to the time-frame of the thesis, which is more closely
discussed in Appendix H, the problem was reduced to a fixed bed approximation with
“black box” combustion of methane outside the reactor. A heat balance, dependent on
the rate of calcination was applied in the finite element modeling program COMSOL
Multiphysics, and the resulting temperatures in the reactor were examined on the
basis of what kind of fuel gas was used. In the first case, upgraded biogas, or
SNG(Sustainable Natural Gas) was used as fuel gas. SNG is ~100% CHy, and the
biogas has a CH4 content of ~48%. From the model it was seen that the mean
temperature of the bed with SNG was 1218K, or 945°C, and with the biogas the
temperature of the bed was 1248K, or 975°C. The calcination rate was found to be
from 72.5 to 86.3% of the optimum. The lower results might be due to the adiabatic

flame temperature of the gas and/or the relatively low heat capacity of the gas.
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Sammendrag

Absorpsjonsforbedret damp reformering, eller Sorption Enhanced Steam Methane
Reforming (SE-SMR), er en ny teknologi for & reformere naturgass til hydrogen med
CO; fangst integrert 1 prosessen gjennom innfering av en CO, absorbent, 1 dette
tilfellet kalsitt, CaCOs. Prosessen foregdr i to trinn; 1 det forste trinnet produseres
hydrogen og absorbenten blir mettet med CO,. I det andre trinnet blir absorbenten
eksponert for haytemperatur varme, og CO, gassen blir frigjort. For at
reformeringsprosessen skal fungere kontinuerlig kan to boblende fluidisert seng
reaktorer bli koblet sammen; en fungerende som reformer og den andre som
regenerator av absorbenten. Reformeren har en arbeidstemperatur pa rundt 500°C og
regeneratoren pa rundt 900°C. Nar de termokjemiske reaksjonene i reformeren har
blitt satt 1 gang, arbeider reformeren tilnermet autotermisk, eller selvforsynt med
varme. Regeneratoren ma kontinuerlig tilfoyes varme for & opprettholde minimum
900°C for at den endotermiske kalsineringsreaksjonen av absorbenten skal
opprettholdes. Regeneratoren kalles ogsa for kalsinator i forbindelse med SE-SMR da

regenereringen av absorbenten i utgangspunktet er en vanlig kalsineringsprosess.

En méte 4 tilfore varme til prosessen pé er via interne varmevekslerror. Fordelen med
a bruke ror er at det da ikke tilfores ekstra gass i reaktoren. Med tanke pa CO, fangst
og deponering er dette spesielt viktig, da gasser som nitrogen(N,) vil kreve ekstra
gass-separasjon for eventuell deponering av CO,. I oppgaven har varmebehovet for &
opprettholde en kalsineringsrate tilsvarende en hydrogenproduksjon pa 10 Nm® i
timen blitt regnet ut analytisk, og viste seg & vere 14.02kW. Dette tilsvarer en
varmeveksler med 96 rer i rader med 8 ror, som vil ta opp 26cm hoyde i reaktoren. A
transportere varme gjennom varmevekslerror gir likevel ikke en optimal termisk

effektivitet da bare en liten del av varmen 1 gassen blir overfort til selve reaktoren.

En mate & forbedre den termiske effektiviteten pa er dpen forbrenning av en gass i
reaktoren. Dette vil fore til direkte varmeoverforing mellom brenselgassen og
absorbenten, men vil samtidig fore til hoye fraksjoner av N, 1 reaktoren. Med tanke pa
at brenselgassen i dette tilfellet er biogass, er den i utgangspunktet CO, noytral og kan

forsvare direkte forbrenning i reaktor hvis formalet er & maksimere virkningsgraden
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til regeneratoren. Kalkulering av nedvendig varmeveksleroverflate og
forbrenningsrate av metan for direkte varmeveksling i reaktoren er gjort i oppgava.

Det er ogsa utarbeidet en modell for direkte forbrenning i reaktoren.

I utgangspunktet skulle en komplett fluidisert seng modell med integrert forbrenning
av metan modelleres. Grunnet begrensninger i modelleringsprogrammet og samtaler
med eksperter omkring arbeidets omfang 1 forhold til tidsrammen til oppgaven, som
er nermere diskutert 1 Appendix H, ble problemet redusert til en fast-seng tilnerming
med metanforbrenning utenfor reaktoren. En varmebalanse, avhengig av
kalsineringsraten ble implementert i et finite-element modellerings program,
COMSOL Multiphysics, og de resulterende temperaturprofilene ble underseokt pd
basis av hvilken type gass som ble brukt. I tilfelle I ble oppgradert biogass, ogsé kalt
SNG(Sustainable Natural Gas) brukt. SNG er tilneermet 100% metan. I tilfelle II ble
biogass med metaninnhold pd 48% brukt. Med den forskjellige brennverdien for disse
gassene oppnaes forskjellige resultater, og gjennomsnittstemperaturen ut av
reaktorkonfigurasjonene 14 pd henholdsvis 1218 og 1248 kelvin for biogass og SNG
som brensel. Med biogass som brensel yter reaktoren gjennomsnittlig 12% lavere enn
med SNG. Kalsineringsraten 14 p4 mellom 72.5% til 86.3% av den optimale raten.
Grunner til lavere enn optimal ytelse kan vaere lav flammetemperatur eller lav

varmekapasitet pa gassen.
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Chapter 1. Introduction

1 Introduction

1.1 An uncertain energy situation

Fossil fuels are becoming more and more expensive as the demand increases rapidly
and the production remains stable. Oil prices are currently at a historical high at $146
per barrel Brent Blend [1]. Estimates of future world energy demands predict a 57%
rise, with a 95% rise in non-OECD(Organisation for Economic Co-operation and
Developnent) countries, and 24% in OECD countries [2]. The world is consuming
fossil fuels in general about a hundred thousand times faster than they are being
made[3]. Oil companies have lately, despite violent opposition from environmental
organizations, resorted to extracting oil from tar-sands to meet the increasing
demands. Biofuels have also gotten a heavy upswing during the last five years, and
are looked upon as an environmentally sound alternative to fossil fuels. The biofuels
are however neither without controversy: an effect of the development of biofuels
which has not been anticipated to a large enough extent is that the production of
biofuels leads to increased prices of commodity and basic foods, which some places
have increased by more than 50 percent [4]. In addition, severe droughts have hit
many of the big grain and rice-producers in the world, making the food reserves even
scarcer, and pushing prices even further up. Also, big forested areas have been cut
down to meet the increased demand of soybeans and palm oil, which both are easily
converted to first generation biofuels. Second generation biofuels based on
lignocellulistic material are also being introduced on the market. These do not affect
the food resources in the same way as the first generation fuels, but the energy
contained in the product fuel is still only about half of the energy input [5]. With high
prices, decreasing supply and moral dilemmas for conventional and alternative fuels,

there is much interest and research on the alternatives.

1.2 Hydrogen as fuel

One of the alternatives to fossil fuels is a move away from the internal combustion
engine (ICE) and a move toward fuel cells (FC), which are more efficient in
converting energy, as plotted in Figure 1. For fuel cells, clean hydrogen gas gives the

best efficiency and the lowest emissions.
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Figure 1: Efficiency vs power output for FC compared to thermodynamic cycles

[6]

There have been many issues which in the past favored gasoline as fuel. One among
those was the energy storage capacity. With Toyota having successfully tested a car
with a 830km range on one filling of high-pressure hydrogen, the storage capacity is
no longer a limiting factor [7]. Another factor was the much shorter lifetime of a FC
compared to an ICE. That seems to have been solved by 3M, which have a FC
membrane that has been running for 7300 hours, or the equivalent of a mileage of

350,000 km [8].

Hydrogen is still an energy carrier, which means energy has to be spent in order to
produce it. One of the big advantages with hydrogen as fuel is however that it can be
produced from a vast variety of sources. It is found in water, biomass and fossil fuels,
and is thus abundant, but bound up in molecules of different characteristics. It is also
non-toxic and non-corrosive [9]. With dwindling fossil fuel resources, and an ever
smaller amount of countries controlling the petroleum resources, hydrogen can also be
considered a “politically neutral” fuel, in the sense that the “oil-countries” do not have
an energy monopoly, as the “sources” of hydrogen are more or less equally distributed

all over the world in one form or the other.
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1.3 HyNor; The Hydrogen Highway in Norway

HyNor is a national project which aims at testing hydrogen as an energy carrier in the
transport sector in a market realistic environment. The project was initiated in 2003
and comprises of building a network of hydrogen filling stations with local hydrogen
production along the 580km main highway from Stavanger in the southwest of
Norway to the Norwegian capital Oslo in the east. As of July 2008, two out of six
filling stations are operational; one in Stavanger, and another at Heroya, Grenland.
The project goal is to officially open the road in May 2009. Most likely, two
additional filling stations will be operational with production facilities by then, and
the two last remaining stations will have to get compressed hydrogen transported to
them until the local production is up and running. Other Norwegian cities have also
expressed interest in joining the network, including Bergen and Trondheim [10].
HyNor is part of the Scandinavian Hydrogen Highway Partnership (SHHP) which
will extend the hydrogen highway through Sweden and Denmark to Hamburg,
Germany by 2012.

Figure 2: The HyNor project with refueling nodes as planned in 2009[10]

1.3.1 HyNor Romerike

HyNor Romerike can be seen on as an extension of the original HyNor, and will be
built in Lillestrom, a city 20km northeast of Oslo. It is scheduled to be operational

within 2010. Lillestrem is located in Skedsmo municipality, which is part of the
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Romerike region. The production facility at HyNor Romerike will incorporate
hydrogen production from solar energy and biomass. Photovoltaic (PV) solar panels
will produce enough electricity to achieve a hydrogen production of 10 Nm® per hour
from a high pressure electrolyzer. An additional 10 Nm® hydrogen gas per hour will
be produced from the reforming of biogas, making the total production capacity 20
Nm’® H, per hour. A metal hydride thermal sorption compressor(MH-TSC) will be
used for initial compression of the hydrogen. The reformer will be located on the site
of Akershus Fjernvarme AS planned central heating plant in Leiraveien, Skedsmo.
The heating plant will use biogas from a local landfill, Beler Avfallsdeponi, as the
base load for the heat production. The SE-SMR will use a branch stream of the land
fill gas which will first be desulphurized and upgraded before reforming. At IFE, a
SE-SMR reactor has been constructed for research purposes. It is a fluidized bed
batch reactor with a maximum production capacity of 10Nm’/h, and a similar will be
constructed for Lindum Ressurs & gjenvinning, who will supply the hydrogen for the
HyNor node in Drammen. For more information about the system as a whole and

upgrading the biogas, see [11].
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1.4 Purpose of Work

1.4.1 Thesis Background

Sorption Enhanced Steam Methane Reforming(SE-SMR) is a novel concept of
producing hydrogen from natural gas with CO, capture included in the process. The
CO; is captured via absorption on a metal oxide granulate sorbent as the reformation
of natural gas is carried out. The sorbent is subsequently exposed to a high-
temperature environment where the CO; is released as a pure stream, eliminating the
necessity of bulky separation equipment downstream. The release reaction of the CO,,
which in practice is a calcination process, is the part of the process which demands the
most energy in the form of heat. At IFE (Institute for Energy Technology) there is
ongoing research on SE-SMR in a fluidized bed reactor; on different sorbents,
catalysts and the operation of the process. In a doctoral thesis on SE-SMR in a
fluidized bed, written at IFE by Kim Johnsen [16], he developed a zero-dimensional
model of the process, and parts of his work is used as a basis for the development of

the two dimensional model presented in this thesis.

1.4.2 Thesis purpose and scope

The aim of this work is looking at different ways of providing the necessary heat for
calcination, and establishing a model based on one of the approaches. Two concepts
for heat exchange in a fluidized bed are studied in this work. The first concept, a
horizontal tube heat exchanger is studied and calculated analytically. The second
concept, in-reactor burning of methane or a biogas has been modeled in COMSOL
Multiphysics for a fixed- and a semi-fluidized bed. A mathematical model was first
established, and then implemented into the modeling program. At HyNor Romerike,
either pure or upgraded biogas will be used for hydrogen production, and one of the
aims of the modeling is to see whether the burning value of the different biogas
compositions is high enough for complete calcination of the sorbent. A work schedule

and an evaluation of the schedule are found in Appendix 1.
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1.4.3 Thesis outline

The thesis starts out in Chapter I with brief background information on the HyNor
node at Romerike. In Chapter 2, the reformation of natural gas is examined. First the
standard Steam Methane Reforming (SMR) of natural gas is reviewed. Then the
differences and improvements of the SE-SMR process relative to SMR are looked
into. Chapter 3 deals with the calcination/regeneration of the sorbent, and presents the
importance of partial pressures and temperatures on the calcination kinetics. In
Chapter 4, fixed and fluidized beds are presented and compared to eachother, with
specific emphasis on the hydrodynamics of the two concepts. The heat exchange in
fixed and fluidized beds is examined in Chapter 5. In Chapter 6 a heat balance
without considerations of the flow patterns in the calcination process is set up. The
mathematical model on which the COMSOL model is based is defined in Chapter 7.
In Chapter 8, a discussion of the dimensioning of the reactor model and the
possibilities for integration with parts of the heat plant for mutual heat benefits is
looked into. The model description as implemented in COMSOL is presented in
Chapter 9, while the modeling results are presented and discussed in Chapter 10.
Chapter 11 concludes the work and recommendations for further work are briefly

presented.
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2 Reforming of natural gas

Steam reforming of fossil fuels is currently the least expensive, and thus the most
utilized way of producing hydrogen. It accounts for 95% of total production, around
half of it from natural gas, and the rest from reforming of oil and coal. At HyNor
Romerike, biogas from a local land fill will be utilized. The gas is first cleaned for its
sulfurous substances, mainly hydrogen sulfide, H,S, and is subsequently stripped of
its CO; and N, content. The upgraded product is called “biomethane” or Sustainable
Natural Gas (SNG) and is ideally a ~100% pure methane gas. At the local land fill
Boler avfallsdeponi, the biogas has earlier been used for electricity generation, but
will now be used as base load for a central heating plant with a branch stream taken

out for the reforming to hydrogen.

2.1 Conventional steam methane reforming (SMR)

In conventional SMR, a gas mixture consisting of hydrogen and carbon monoxide is
created when steam reacts with methane in the presence of a catalyst at high
temperatures (800 — 1000 °C) and high pressure (15 — 20 bar). The result is a mixture
of hydrogen, and carbon monoxide, carbon dioxide and water; commonly reffered to
as Syngas. Additional hydrogen is produced in a lower temperature (300 — 400 °C)
environment by a water gas shift(WGS) reaction with the carbon monoxide. The
hydrogen gas is then separated from the CO, by pressure swing adsorption (PSA) in
several steps until the desired hydrogen purity is achieved [13]. For usage in PEM
fuel cells, the CO content should not be higher than ~5ppm [14].

Process steps of conventional SMR:

Reforming: CHy(g) + H>O(g) <> CO(g) + 3H,(g) AH = 206 kJ/mol 2.1
Shift: CO(g) + H,O(g) « COx(g) + Hx(g) AH = -41 kJ/mol (2.2)
Overall:CHy(g) + 2H>0(g) <« CO1(g)+ 4H(g) AH = 165 kJ/mol (2.3)
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Despite SMR being widely used for hydrogen production, the process has its
disadvantages as listed by Chen et al. [15]:

e Reversibility of reforming reactions and their rapidity constrain hydrogen
production to the thermodynamic equilibrium values.

e For minimizing pressure drops, fixed beds must be large, causing the
effectiveness of the reforming catalyst to be very low.

e Carbon formation can deactivate the catalyst.

e To maintain high reactor temperatures, heat has to be transferred to and
through walls of tubes. (only 50% of the heat of combustion is used directly
for the process)

e The process emits NOy during the burning of fuels in the furnace. CO, is also

emitted both from furnace and reactor.

2.2 Sorption enhanced SMR (SE-SMR)

The SE-SMR process reduces processing steps by adding a CO;-sorbent, such as
calcium oxide (CaO), which to varying degree is found in calcite and/or dolomite, to
the reactor together with the catalyst, absorbing CO, as the CO, is being produced.
This in-situ capture of CO, opens for an efficient way of handling the gas for
sequestration purposes. When the sorbent, for example calcium oxide, CaO is added
to the reactor, the CO; is converted to solid carbonate,CaCQOs, in an exothermic
reaction, resulting in a product gas consisting mainly of H, and H,O, with minor
amounts of CO, CO, and unconverted CH4. Adding the sorbent results in other words
in a forward shift of reactions (2.1)-(2.3) and thus improves methane conversion and
hydrogen yield. The exothermic reaction of carbonation leads to a near autothermal
process which operates in temperatures ranging from 550 to 650°C. In continuous
production the carbonated sorbent is subsequently transported to another reactor
where it is exposed to high temperature for the endothermic calcination reaction (2.6)
to take place. The process steps of a SE-SMR process are identical to the SMR

process, but also include the exothermic carbonation equation (2.4):

Carbonation: CaO(s) + CO2(g) <> CaCO3(s) AH = -178 kJ/mol (2.4)
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Overall: CHa(g) + 2H20(g) + CaO(s) <> CaCO3(s) + 4H2(g) AH = -13 kJ/mol (2.5)
Calcination / Regeneration: CaCO3(s) <> CaO(s) + CO2(g) AH = 178 kJ/mol (2.6)
In Figure 4 the H, concentration is given as a function of temperature. The

concentration peaks at 550° C. Sorbent to methane ratio is two, and the steam to

carbon(S/C) ratio is 3.
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Figure 4: Hydrogen gas fraction as a function of temperature [16]

When most of the available sorbent has been carbonated, H, production rate lowers
toward standard SMR levels. At a certain point regeneration, or calcination of the
sorbent is desired to maintain stable and optimal hydrogen production. Depending on
the configuration of the reactor, the sorbent is heated to 900°C for the endothermic

reaction of releasing the CO; from the carbonated limestone, CaCOs.
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3 Regeneration of the sorbent: calcination

Calcination is a thermal treatment process applied to ores and other solid materials in
order to bring about a thermal decomposition, phase transition, or removal of a
volatile fraction. The process derives its word from the decomposition of calcium
carbonate CaCOjs to calcium oxide or lime, CaO [17]. It is important to understand

calcination and its kinetics in order to model it for a SE-SMR process.

3.1 Calcination in a SE-SMR process

For the case of SE-SMR, the sorbent has to continually be regenerated, i.e. the
absorbed CO» has to be released from the sorbent. This can either be done in the
reactor where the reforming is taking place by running the process batch-wise, which
has several disadvantages, both operational- and efficiency wise. In a continuous
process, two reactors are coupled together and are kept at constant temperatures in
order to perform one or the other process of reforming or calcination, with the sorbent
circulating between the reactors at a rate proportional with the hydrogen production.
The calcination of the sorbent is carried out in a high temperature environment at
around 900°C, which is the decomposition temperature of pure CO,, given by
equation (3.7). Heat delivered to the reactor must both raise the temperature of the
carbonated sorbent entering the bed, and provide excess heat sufficient for the
calcination reaction to be carried out. At IFE, research in a project called ZeroGen
(ZEG) has been carried out. ZEG is briefly explained the coupling of a solid oxide
fuel cell (SOFC) with a SE-SMR unit, utilizing the high waste heat from the SOFC to
calcinate the sorbent in the SE-SMR process [18]. The equilibrium pressure of CO, in

the calcinator relates to temperature with the following equation [19]:

—20474

P,=4.137-10'e T (.1

Where the activation energy is 33.4 kJ/mol. When plotted as a function of temperature

and pressure, the graph in Figure 5 below is achieved.

10
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Figure 5: CO, equilibrium pressure as a function of temperature [16]

3.2 Calcination kinetics

The rate at which calcination is carried out is vital in order to know what residence
time in the calcination reactor is needed. Because of the unique morphology of
different sorbents, rate expressions should be calculated for each specific sorbent [16].
Evaluation of calcination kinetics is complicated by CO, concentration which is
inhibiting the reaction, particle size, which may introduce both thermal and mass
transfer limitations, and catalysis or inhibition of impurities. In their review of
calcination and carbonation of limestone, Stanmore et.al [19] present the following

rate equation for calcination of limestone:

R =ky(P, ~P) {’"Z’l } (3.2)

11
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where P; is the partial pressure of CO; at the reaction surface, P is the equilibrium

pressure of CO, and

2

k,, =1.22 exp(— 4026/T) {m—‘)l}
m-s atm

(3.3)
is the rate constant of calcination.

As can be seen from the calcination reaction (3.2) and (3.3), the calcination rate is
dependent on partial pressure of CO, in the reactor, and the reactor temperature. One
way of increasing the calcination reaction would then be to increase the temperature,
which would lead to an increase in the equilibrium pressure. Another way to increase
the calcination rate would be to either increase the velocity of the fluidizing gas,
which would lead to a lower partial pressure of CO, in the reactor, or change the

composition of the fluidizing gas.

12
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4 Fixed and fluidized bed reactors

SE-SMR can be carried out in both fixed and fluidized bed reactors. There are many
differences between these types of reactors, which will be presented in this chapter.
Especially, there will be an emphasis on the hydrodynamics of the different types of
reactors due to its importance in heat transfer, which is covered by Chapter 5. At the
end of this chapter the importance and implications of the fluidizing medium is

examined.

4.1 Fluidized vs Fixed Bed reactors

Fluidized bed reactors, or bubbling fluidized beds have many advantages over the
fixed or packed bed, but there are also some disadvantages. The advantages and
disadvantages as stated by Kunii & Levenspiel [20] and Chen [21] can be listed as

follows:
Advantages of utilizing a fluidized bed:
e The fluidized bed copes much better with highly endothermic or exothermic
reactions, whereas in a fixed bed, this can lead to the occurrence of hot- or

cold-spots in the reactor.

e Liquid-like behaviour of the particles allows for continuous feeding and

withdrawal, and thus continuous operation of the reactor.

¢ Good mixing which leads to efficient and near isothermal heat distribution.

e Suitable for large scale operations.

e Low pressure drops

e Heat transfer between an immersed body and fluidized bed is big, i.e. heat

exchangers within fluidized beds require relatively small area.

13
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The disadvantages of utilizing a fluidized bed:

Gas by-passing(limited gas-solid contacting)

e Production of solid fines. Mechanical stress on the particles due to the
rigorous mixing results in the production of solid fines, which are entrained by

the gas, and thus need to be replaced.
e Varying solids residence time distribution due to rapid mixing.
e Erosion on pipes and vessels due to abrasion by particles.
e Higher energy cost due to pumping/pressurizing of fluidizing medium.

e Design and scale-up more complex than with fixed bed.

4.2 Hydrodynamics of fixed bed reactors

In order to characterize the hydrodynamics of a fixed bed, the most important
parameters are the voidage and the particle properties. The voidage of the bed is
related to the packing arrangement of the bed, which again is directly related to the
shape of the particles. The voidage in turn is used together with the fluid velocity to

determine pressure drop over the bed, as described by Darcy’s Law [22]:

K,
q;=——Vp (4.1)
Y7,

Where ¢, is the flux, «; is the permeability, u is the viscosity and Vpis the pressure

gradient. One important factor of Darcy’s Law is the permeability. In a fixed bed of
particles, the permeability of the bed can be calculated from the Kozeny-Carman

equation [21]:

r' o 75(1-¢)

(4.2)
K 2&°
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Where r, is the radius of the particle, x is the permeability and ¢ is the voidage.

4.3 Hydrodynamics of fluidized bed reactors

A fluidized bed reactor is a reactor containing a certain amount of particles, which can
be anything from fine powder like flour to bigger ones like coffee beans. The particles
are levitated by a stream of gas or fluid entering the bottom of the reactor, passing
through a perforated plate or mesh, called the distributor plate before making contact
with the particles. Bubbles form above the distributor plate, and coalesce as they
move upward to the surface layer of the particles, resembling a boiling liquid.
Fluidized beds are utilized for a wide range of appliances. Examples of use are drying
food, roasting coffee beans, producing liquid and gaseous fuels etc. The flow rate
through the bed is an important parameter, and changes in the volumetric gas flow

directly affects the hydrodynamics of the bed [23].

4.3.1 Particle classification

In a reactor containing a certain amount of solid particles, there are many different
forms of contacting regimes with a fluid, depending on the fluidization velocity and
whether the fluidization agent is gas or liquid. The phases are strongly related to the
characteristics of the particles. Geldart(1973) classified particles in relation to their
fluidizing properties, and from the Geldart classification, given in Appendix L, it is
seen that both the catalyst (d,= 150pum, p=2.2 g/cm’) and the sorbent (dp=200pm,
p=1.6 g/cm’) are of category B [16], which means they are sand-like and that

bubbling in the bed commences at minimum fluidization velocity.

4.3.2 Fluidization phases

Depending on the particles in the fluidized bed and the velocity of the fluidizing gas,
distinct fluidizing phases or regimes can be observed. When the fluidizing gas merely
percolates through void spaces between stationary particles in a bed, it is said to be

fixed.
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One can look on the physics of the fluidized bed as a two-phase system. At the lower
part of the bed, a near uniform mixture of the solids and fluidizing gas is located; also
called the emulsion or dense phase. Excess gas will coalesce into bubbles, henceforth
called bubble-phase. Bubbling generally commences at a velocity higher than uy¢

[24].

4.3.2a Minimum/incipient Fluidization

As the fluidization gas velocity is increasing, the pressure drop also increases, reaches
a peak, and then decreases to a stable value as the velocity of the gas keeps increasing.
This process is illustrated in Figure 6. The point of Apy, denotes the transition from a
fixed to a fluidized bed. The speed at which this transition occurs is called the
minimum fluidization velocity, unr. At this point the frictional force between the
particle and fluid counterbalance the weight of the particles, thus suspending them
which results in a fluid like behaviour of the particles. From Figure 6 it can be seen
that in the transition from fluidized to fixed bed, the pressure drop follows a different

path and does not reach the peak it did in transition from fixed to fluidized bed.

Ap,

»~

Figure 6: Pressure development as function of gas velocity [25]

4.3.2b Bubbling Fluidization

In a liquid-solid bed, an increase in the velocity above unr leads to further expansion
of the bed and is called particulate fluidization. However, in gas-solid systems, large
instabilities with bubbling and channelling of gas are observed. The behaviour of

bubbles significantly affects the flow or transport phenomena in the bed, including

16
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solids mixing, entrainment, and heat and mass transfer. Bubbles are formed due to the
inherent instability of gas-solid systems. Fast local growth in local voidage grows
rapidly to a shape resembling a bubble, which can coalesce with other bubbles as it
rises to the surface of the bed, bringing along solid fines. The coalescence of bubbles
in a gas-solid medium is similar to that of those in a liquid or liquid-solid medium
[25]. If the bed is deep and has a small enough diameter, the bubbles may grow large
enough to spread across the entire vessel. In the case of fine particles, they flow
smoothly down by the wall around the rising void of gas. If the particles are big they

are pushed upward as a piston. This is called slugging.

4.3.2c Turbulent Fluidization

When the fluidizing velocity exceeds the terminal velocity of the particles, the upper
surface of the bed disappears, entrainment becomes appreciable and instead of a
dominance of bubble coalescence there is a dominance of bubble break-up and a
turbulent motion of solid clusters and voids of gas of various sizes and shapes is
observed. A further increase in fluidizing velocity, the solids are carried out of the bed
entirely. This phase is called lean phase fluidization with pneumatic transport of

solids. The fluidizing phases are shown in Figure 7 below.
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Figure 7: Fluidizing regimes with increasing velocity [20]

4.4  Fluidizing medium

For the process of SE-SMR, there is an emphasis on the ease of extracting the CO,
from the calcination reactor. In principle CO; is the only gaseous product of the
calcination reaction. However, the sorbent has to be fluidized by a gas. If this gas is
air, CO; has to be separated from oxygen and nitrogen downstream. The ideal
fluidizing medium for a calciner would thus be steam and/or CO, since the steam
condenses at a much higher temperature than CO, and is thus easily separated from
the CO,. A problem in using CO; is that the partial pressure of CO; is very high and
will make the calcination reaction slower as was discussed in Chapter 4.2 Calcination
Kinetics. If combustion of methane is carried out in the reactor, extra air is needed and
nitrogen will thus be present in the product gas unless it is separated from the oxygen
before entering the reactor. The combustion will also lead to an increased amount of
CO,, CO and NOy, which are all unwanted from an environmental perspective. If pure
oxygen used as oxidating agent, another problem arises as the oxygen has an adverse

effect on the catalyst.
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The ideal fluidizing medium depends mostly on the purpose but also the size of the
reactor. If it is a small reactor and the purpose is confirming the feasibility of the SE-
SMR process, and regeneration of CO,, the composition of the medium is not of a big
importance. If the purpose however is to demonstrate capture and sequestration of
CO; in a SE-SMR process, the composition of the fluidizing gas should be optimized
for easy downstream separation of CO,. Also, if the reactor is large, the
environmental impact of product gases from both calcination and eventual
combustion will have a greater environmental impact and the motivation for

sequestering the gases would be larger.
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5 Heat exchange in fixed and fluidized beds

Many applications are temperature-dependent, and either needs heating or cooling
different from the ambient temperature. The heat transfer characteristics in multiphase
systems depend strongly on the hydrodynamics of the systems which, as pointed out in
Chapter 4, vary significantly with particle properties. The particle size, size distribution
and shape affect the particle and fluid flow behavior through particle-fluid and particle-
particle interactions. The heat transfer characteristics are strongly influenced by the
operating conditions of the fluidized beds. Different operating conditions such as
bubbling and spouting yield a varied bed structure and hence varied heat transfer

coefficients.

When the bed is in a fixed state, e.g. when the gas velocity is below uy, the heat transfer
coefficient is low. With increasing gas velocity above upy it increases sharply to a
maximum before decreasing slowly [26]. The decrease of h at higher velocities may be

attributed to more contact time with bubbles and their low / values [20].

5.1 Heat transfer in fixed beds

The principal modes of heat transfer in fixed beds consist of conduction, convection and
radiation. The contribution of each of theses modes to the overall heat transfer may not be
linearly additive and mutual interaction effects need to be taken into account. In a fixed
bed the heat transfer characteristics can be described by the concept of effective thermal
conductivity, k., which is based on the assumption that on a macroscopic scale the bed
can be described by a continuum. It depends on the temperature, the bed material and
structure, and is usually determined by evaluating the steady state heat flux between two
parallel plates separated by a packed bed. It should be noted that equation (5.1) is derived
on the basis that the gas is stagnant:

k. =g,k +(1-&,)k, 5.1)

Where e is the voidage, k, is the thermal conductivity of the gas and k; is the thermal

conductivity of the solid.
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To account for actual geometry and the small contact region between adjacent particles,

the following modification is added [20]:

k, =&k, +(-¢,, )k{ 1 }

@, (k, k) +2/3 (5.2)

Where k. is the effective conductivity, ° refers to stagnant gas conditions and
@, represents the equivalent thickness of gas film around the contact points between

particles, which aids in the transport of heat from particle to particle and is given as a

function of ky/k, in Figure 8.
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Figure 8: Equivalent thickness of gas film around contact points between particles [20]

5.2 Heat transfer in fluidized beds

One of the big advantages with fluidized beds is its temperature uniformity, both in radial
and axial directions. In order to maintain a desired temperature in the bed, a heat
exchanger is applied in order to add or remove the appropriate heat [20]. In a fluidized
bed there might be heat transfer between gas and particles and/or heat transfer between a
static surface and particles. The particles dispersed in and passing through the bubble
phase play an important role in transferring heat from bubble gas to the bed solids [20].
The resulting heat transfer coefficient between a surface and a gas-solid suspension
consists of two additive components; the bed/particle-surface heat transfer and radiation.
The radiation contribution rises rapidly with temperature [25]. In this subchapter, first the
intra-particle heat transfer, particle convection, is discussed. Next the bed/particle-surface
heat transfer coefficient, where the convection mechanisms are lumped together in
relation to a surface is examined, with a brief description of the contribution of radiative

heat transfer following. Finally the bed-surface and radiative heat transfer coefficients are
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Chapter 5. Heat exchange in fixed and fluidized beds

used to determine the heat transfer tube area needed to deliver sufficient heat for the

calcination process discussed in this work.

5.2.1 Particle convection

Particle convective heat transfer is due to the convective flow of particles from the in-bed
region to the region adjacent to the heat transfer surface. There the particles gain heat by
thermal conduction and bring the heat along as they move to a colder part of the bed.
Particle convection is the principal mode of heat transfer in fine particle systems. Heat
transfer between particles and a gas in a fluidized bed may be compared to gas
convection from a single, fixed particle, and to as convection from a packed bed of fixed
particles. The heat transfer coefficient increases with increasing thermal conductivity,
increasing density, and decreasing viscosity of the gas. Particle convection heat transfer is

given by the following equation:

o= 4
P g (T - 5.3)
a, Tp Tg (5.

Where for spherical particles a, =7 d ﬁ

From experimental analysis it has been shown that the heat transfer coefficient increases
with increasing velocity of the gas relative to the particles. It also increases with
increasing thermal conductivity, increasing density and decreasing viscosity. The
mechanism for heat transfer becomes more complex as the process changes from single
particles, to fixed and lastly fluidized beds. In fixed beds, there is the added complication
of particle packing and the complex gas flow pattern that results. In fluidized beds further
complication of the movement of suspended particles and bubble formation and

coalescence.

The magnitude of the heat transfer coefficient between the particles and gas in a bubbling
fluidized bed is generally not large. Values of h, for common applications have been
found to be around 1 — 100 W/m’K. However the rate of heat transfer between particles
and gas per unit bed volume is extremely high, due to large interfacial surface area.

Concerns with the actual rate of heat transfer between particles and gas arise primarily in
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situations where one phase or the other is an intense heat source, such as burning particles

in a fluidized combustor [20].

5.2.3 Bed surface heat transfer

In order to heat or cool fluidized beds, heat transfer tubes can be inserted into the reactor
carrying cooling or heating fluids into the bed. The bed-surface heat transfer coefficient

h,, is defined as:

L0

) Y

Where ay, is the submerged area, T, is temperature of the submerged area, Ty, is

temperature of particle/gas, and Q is the heat transfer rate (W).

Typical of 4, is that it is several times greater than heat transfer coefficient for single-gas
convection. It increases steeply as gas velocity exceeds the minimum fluidization
velocity, and attains a maximum value at a specific velocity and declines thereafter. The

bed-surface heat transfer also decreases with increasing particle size.

In a SE-SMR process, the calcination is carried out at such high temperatures that

radiation plays a role in the overall heat transfer coefficient:

h=h, +h, (5.5)
where hy, is the wall heat transfer coefficient and h; is the heat transfer coefficient due to

radiation, which is more closely described in 5.2.3 below.

5.2.3 Radiation

At temperatures lower than 500°C, the radiant contribution to the total heat transfer has
been measured to be less than 15%, and becoming greater than 35% at temperatures
higher than 800°C [21]. The radiant contribution to the heat transfer can be calculated as

follows:

h:( Py J'a.(T;‘—T‘f) 5.6



Chapter 5. Heat exchange in fixed and fluidized beds

Where o is Stefan-Boltzmann constant (5,67-10™® W/(m* K*)). &, and &, are the

emissivities of the wall and bed [21].

5.3 Heat exchanger tubes within reactor

One way of delivering heat to the reactor is by installing horizontal tubes within the

reactor. In the tubes, methane is burned and a heat transferred from inside to the surface

of the tubes. In order to calculate the necessary heat exchanger area, the bed-wall heat

transfer coefficient, h,, can be found via Vreedenbergs correlation. Then, equation (5.7)

is used to find the necessary heat exchange area.

In order to get an accurate number for hy,, Vreedenbergs correlation for horizontal tubes

can be applied:
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Figure 9: Heat exchanger pipes arrangement in calciner
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With ug close to umr the 4 value varies around the horizontal pipe, being lower underneath
and above than on the sides. At higher velocities, the values of / around the tube are
more uniform. With increasing pressure, the fluidization becomes smoother and

consequently the / value rises. hy, decreases with increasing particle size [21].

In Appendix C, a calculation of the heat exchanger area and pipes based on equations
(5.5) = (5.10) 1s included. It is found that with a heating pipe diameter of 8mm and a heat
demand of 14.02kW, 12 rows with 8 pipes on each row are needed. The heat demand is
calculated in Appendix E.

5.4 Heat exchange viain-reactor combustion of biogas

One of the easiest ways of providing enough heat to the fluidized bed, is by direct
combustion of gas right above the distributor plate. This way of providing heat has
successfully been done at a limestone calciner plant in South Wales, England. The plant
has a capacity of 20,000 tonnes per year, and CaO is produced at an energy cost of
around 5.5 MJ/kg CaO. Local land fill gas from two land fills is used for providing the
necessary heat. The operators report that the relative high levels of CO; in the land fill

gas does not seem to affect the lime quality [26].

Since for this application, biogas is the initial working medium, it is natural to use it for
providing the necessary heat in the calcinator. Part of the work presented here, and the
simulation, aims to check if the heating value of the biogas is sufficiently high in order to
achieve the desired temperature and have enough energy for the endothermic reaction to
be carried out. Calculations of heat capacity and adiabatic flame temperature for different
compositions of gas mixtures are given in Appendix E. In order to achieve complete
combustion of the gas, excess air of 1.1 is usually needed. Too much oxygen will on the

other hand have an adverse effect on the catalyst.

5.4.1 Combustion kinetics of methane

With direct burning of methane in the bed, the governing heat transfer will be gas-particle
convection between the oxidizing methane and sorbent. In the literature there are many

different reaction rate expressions for methane combustion. In natural gas combustion
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mechanics, as many as 325 reactions can take place [27]. Instead of setting up all the
different reactions that occur, global reactions of methane combustion can be used.
Global reactions are derived from curve-fitting, based on a certain range of temperature
and stoichiometry. Utilizing global reaction will thus give good results in a limited area,
and erroneous values outside of that area. Two global reaction rates examined in this
work, but which were abandoned due to modelling complications, are given in Appendix

D.

For stoichiometric combustion of methane, the enthalpy of combustion reported in

literature is [28]:

CH,+2(0,+3.76N,) = CO, +2H,0+7.52N,, AH'cu, =-802.3K)/  (5.11)

For this work, excess air of 1.1 will be used.
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Chapter 6. Heat balance without flow considerations

6 Heat balance without flow considerations

In order to know whether the results from the simulations are within reasonable
values, since there are no experimental results, a coarse energy balance based on the
desired hydrogen production is made. The hydrogen production, when produced from
methane yields a specific CO, stream, and in order to absorb all the CO,, a specific
amount of continuous supply of sorbent is needed. For simplicity, the reactor is
considered perfectly insulated, i.e. the heat consumed is exclusively used in heating
solids and gas. With a hydrogen production of 10Nm’/h, and a CO, uptake in the
sorbent of 22%, the one-dimensional model proposed by Johnsen (2006) yields a solid

stream of 0.78 kg/min of calcined dolomite out of the calciner [16].
Calculations on the flow of sorbent and the grade of calcination are given in Appendix
G.

The heat balance then becomes the following:

Heat from fuel = heat to calcination + heating of CO; released in the calcination +

heat to sorbent + heat to catalyst

Qﬁwl = Qcalcmcalc + ]\ICO2 CpCOz AT + ]\ICaCO3 CpCaCO3 AT + McatcpcatAT (6 1)
SNG, or pure methane, CHy is used as basis for the calculations, which can be found

in Appendix E. From the calculations, a heat demand of Q=14.02kW is found. This

corresponds to the complete combustion of a methane stream of 0.01746 mol/s.
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7 Mathematical model of calcinator

In order to describe the calcination process accurately, a mathematical model of the
governing physical regimes is necessary. Simplifications of the problem are made in
order to make the modeling process easier. The model described in this chapter is a
fixed bed model. A more detailed description of the model itself is given in Chapter

10. Basis for the momentum, energy and mass conservation equations are taken from

[29].

7.1 Momentum equations:

In describing the bed as fixed, Brinkman, derived from Darcy’s law can be applied:
0=-VP+uV*v— ux’v Vv =0 (7.1)

Brinkman is valid for a Reynolds numbers below 10. Testing if valid:

D,-p,-U 187-10°-0.309-2.4
H, 4.28-107°

Re, = =3.24 (7.2)

The Brinkman equation includes a viscous resistance term in the Darcy equation to
account for solid/fluid interface effects. Derivation of Darcy’s Law from Navier
Stokes law of momentum and derivation of Brinkman from Darcy’s Law is found in

Appendix A and Appendix B.

7.2 Energy equation:

transient c;”dl! ction - convection
or - : oT 0T oT oT
C —= = - +k + -p-C lu-—+v-— 7.3
p p at Qcalcmatlan Qcombusllan ( axz axz j p P ( ax ax J ( )

Assuming steady state, and the transient part is equal to 0:
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conduction convection
——
: : o’T 0T oT  oT
0=0. . T I Y P 7.4
Qcalcznatlon Qcombustlon (axz axz j p p [ ax ax ) ( )

All energy delivered in the process stems from the combustion of SNG or biogas and
is used for heating sorbent and providing energy for the calcination reaction and for

heating released CO,.

7.3 Mass balance:

Mass balance calcination:

aC'CaCO3 _
- mcalc
ot (7.8)

The calcination is carried out with a stable flow of new, uncalcinated sorbent.

Calcination rate:

R =1.22exp(—4026/T)- (P,—F) (7.9)

calcination

The calcination rate is derived and explained in Chapter 3.

7.4 Initial conditions:

Initial temperature:

7(0)=500"C (7.10)
The initial temperature of the bed is set to 500°C, which is the temperature of the
sorbent entering from the carbonation reactor. This temperature will however not

affect the steady-state operation of the model.

Initial concentration:

CCombustion | Fluidizing air (0) = 0 [mOl/m3 ] (7 1 1)
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Initial concentration of the combustion gases in the reactor is set to zero at t = 0.

Initial pressure:
P(0)=1bar (7.12)

Initial pressure in the reactor is set to 1 bar.

Voidage throughout bed:
e=0.5 (7.13)

Bed assumed fluidized loosely packed/fluidized through the entire model.

7.5 Boundary conditions:

Reactor assumed perfectly insulated:

_ké_T =0 _ké_T =0 (7.14-17.15)

Ox |- Ox |,—g2

No heat loss through the vertical sides of the reactor. Heat only enters bottom and

leaves top.

Stream of fluidizing air/combustion gas:
oC

Combustion | Fluidizing air _ 2
‘y:O = 6.33[mol/m s]

ox (7.16)

The combustion gas is used as fluidizing medium. With given dimensions and heat

demand, it is sufficiently high.

Temperature of combustion gas:

7|, =T, [K] (7.17)

" Adiabatic combustion temperature calculated for different compositions of fuel gas,
given in Appendix F.
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8 Dimensioning the reactor and possibilities for

integration with heat plant.

8.1 Dimensioning plant and determining streams

When dimensioning the reactor it is reasonable to start with the desired output of the
process. In the case of HyNor Romerike the output of hydrogen production is planned

at 10Nm’/h.

8.1.1 Sorbent and catalyst streams

In order to produce that amount of hydrogen and capture the CO, which is produced,
a certain regeneration rate of the sorbent is needed. With continuous H, production of
10 Nm®/h the adjoining CO, production from the reforming process will be 2.62

Nm’/h. The following relation is given for conversion of dolomite [16]:

X Aw(t) _Aw(r)
CaO — -
W, Yoo (MCQCOS —lj w, -0.472 9.1)
YTotal MCaO

where Xc,0 1s the conversion factor, Aw(t) is the weight increase, wy is the initial
weight of calcined dolomite, YCaO is the CaO content in the dolomite, Yot = Y cao

+YMgo + Yimpurities: Mcao and Mcacos are the molar weights of CaO and CaCO:s.

The conversion rate will decrease significantly during initial operation, and stabilize
on a certain value. By experiments this value is found to be approiximately 22%. The
2.62 Nm’® or 4.7 kg CO, being produced every hour, would be the weight increase,
Aw(t), which means a total mass of 45.49 kg sorbent is circulated within an hour. Of
the total mass, 6.01 kg CaO is regenerated in the calcinator per hour. Sorbent

calculations are given in Appendix E.
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8.1.2 Physical dimensions

The inner diameter of the reactor is 20cm, and a bed height is 50 cm. The fluidization
velocity if the reactor uses internal heat tubes for heat transfer is 0.1 m/s, which
equals a fluidizing gas stream of 2.70Nm’ per hour. The combustion exhaust gas,
when SNG is used as fuel and regular air is used as oxidizing medium, far exceeds
this stream with a total gas stream of 69.46 Nm’/hr or 2.57 m/s, thus making a
separate fluidizing stream unnecessary. With combustion of biogas, this velocity

increases to 3.1 m/s.

8.1.3 Energy needed

Energy is needed for heating of the combustion air, heating of the sorbent and
catalyst, heat for the calcination reaction, and heating of the released CO,. In
Appendix D, a heat balance for the reactor is set up, and it is found that the effect
needed is 14.02kW.

8.2 Possibilities of integration with central heating plant

Since the SE-SMR will be located on the same site as a heating plant, the possibility
of efficiency benefits due to available high temperature energy should be looked into.
First, the reactor needs to reach a temperature of 500°C to start the reforming process.
Then, in order to regenerate the sorbent, 900°C heat is needed. The first natural way
of utilizing the available heat would be to heat the carbonated sorbent, methane and
air with the calcinated sorbent and flue gases, but due to irreversible losses it will not
be large enough. At the central heating plant, burning of biogas will work as the base
load for the plant. In the heating part of the sorbent, there will be little or no gain from
using the exhaust gas from the central heating plant burner, as the land fill gas can be
used directly in the burner with lower losses to the environment. The sorbent needs
however to be cooled to ~500°C before entering the reformer. Specifically, the heat

released in this process would be:

O=n-Cp,,,., -AT =0.013-1300-(900 — 500) = 6760/ 9.2)
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Also the heat contained in the exhaust gas from the combustion of the biogas can be

used down to temperature of the circulating water:

0= (1 1, - CP e +1itco, * CP o, )AT = (0.00472 1420 +0.0013-1270) - (900 - 80) = 6850 (9.3)

In other words, there are theoretically 13.5 kW available heat effect. If the heat effect
from 900°C to 500°C is used in the process itself, 3.5 kW is left for other purposes.
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9  Model Description

9.1 Modelling in COMSOL Multiphysics

COMSOL Multiphysics, formerly known as FEMLAB, is a finite element method
modelling program which can be used to model various physical phenomena and
engineering applications based on partial differential equations. One of its strengths,
as the name Multiphysics implies, is modelling problems where several physical
regimes have an effect. COMSOL has an interface to MATLAB, and also its own
interface called COMSOL Script. In addition it has an extensive material library. One

can also add extra differential equations if wanted [30].

9.2 Fluidized bed models

There are generally two types of approaches to modelling of fluidized beds that have
been widely recognized; the pseudo homogeneous approach and the two-phase
approach. The pseudo homogeneous approach employs ideal or simple one-parameter
models, like plug flow, complete-mixed, dispersion, and tank-in series models. The
model has however had problems in accurately describing the conversion of the flow
in reactors, and has been modified on terms of residence time distribution, and been
altered to compensate for the differences in the emulsion and bubble-phase, but has
still not given satisfactory results. Discouraging results with the pseudo homogeneous
models have led to an increased focus on two-phase models. The two phase model
considers the bed to consist of at least two phases, a dense and a bubble phase.
Essentially it states that all the gas in excess of fluidizing the bed passes through as

bubbles [16].

9.3 Model Assumptions

COMSOL has not formerly been used for modelling fluidized beds. For the scope of
this thesis, considering available time, and the advice from consultations with experts
on the field of two-phase modelling and fluidized beds, several simplifications were
made in order to develop a model that incorporates combustion of methane and

calcination.
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Simplifications and assumptions for the model are the following:

—

Fixed bed approximation

No bubble formation

Steady state modelling

Perfect mixing in reactor

Isotropic heat transfer

In-flow of catalyst and calcite is continuous

Catalyst is not separated from sorbent before entering calciner

Only the middle cross-section of the reactor is modelled

A S I AR o B

Methane combustion is carried out in a “black box”, flue gas with a given heat

capacity and temperature is modelled as the inflow of fluidizing gas.

10. Fluidizing gas stream is uniform over the entire bed, i.e. no jets from
distributor plate

11. The reactor is perfectly insulated

12. Thermal conductivity of fluidized bed is double that of fixed

9.4 Setting up the model

9.4.1 Reactor physical dimensions

The first step after the assumptions have been taken is to create a simple, 2D model of
the reactor cross section in the COMSOL CAD environment. The reactor modelled

has a diameter of 0.2 m and a height of 0.5 m.

9.4.2 Physical regimes

The second step is adding the needed physical regimes for the process which
correspond to the mathematical model. For the model of the calciner, physical
regimes of momentum/laminar flow, mass transfer/diffusion and

convection/conduction will be modelled.
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Momentum/flow

The flow through the reactor is set as the mean flow velocity of air through the
distributor plate. The only fluidizing medium is the exhaust gas from the combustion
of different grades of biogas. The different grades with the corresponding volumetric
flows are given in Appendix E. Viscosity of the different gaseous mixes are given in
Appendix K. As for the flow in the bed, the Brinkman equation governing, a porosity
of 0.5 is assumed and a permeability of 1e-5, which is the permeability of well sorted
gravel [31], as opposed to a permeability of 5.82e-11, which from equation (5.2) is
what the permeability would be if the bed was fixed. When SNG is used as fuel gas,
the fluidizing gas velocity is 2.57 m/s. With biogas, the gas velocity rises to 3.1 m/s.
Calculations of the gas velocities are based upon the base stream of 0.0175 mol/s of

methane combusted with 1.1 excess air.

Mass transfer and diffusion for combustion gases:

The products of the methane combustion, O,, CO,, H,O and N, are inserted in a
diffusion/convection regime, with its corresponding diffusion coefficients. The
diffusion coefficients for the combustion products are given in Appendix J.
Concentrations of the different species from the methane combustion are based upon
complete combustion in an excess air, and ideal gas molar content of a 900°C and 1

atm environment.

Mass transfer and diffusion for calcination:

The species of the calcination, CaCOs3, CaO and CO, are inserted into another
diffusion/convection regime, where the governing reaction rate of calcination is
inserted as a rate of reduction of CaCOj3 and production of CaO and CO,. Diffusion
coefficients for the diffusion in the sorbent are based upon diffusion inside a porous
structure and is given in Appendix J. The initial concentration of CaO is set to 0, as it
is assumed that the sorbent is fully carbonated as it enters the calciner. The initial
concentration of CO; for the calcination regime is the same as for the combustion
exhaust gas. The initial concentration of CaCOj on the other hand is determined on
flux of the sorbent. With a diameter of 0.2m and a molar stream of 0.126 mol/s of
CaCO;, which equals a flux of 4.017 mol/m’s. This again equals an initial

concentration of 1.6 mol/m> of CaCoO:s.
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Convection/Conduction

Heat is transferred via convection and conduction within the reactor, mainly between
gas and particles. Biogas/methane is burned outside the reactor and the exhaust gas is
used as fluidizing medium. Calculation of the heat capacities of the different gas
compositions are given in Appendix E. The initial temperatures of the exhaust gases
were found using Fuelsim Average, a spreadsheet developed for combustion
calculations, and are given in Appendix F. The walls of the reactor are modelled
perfectly insulated. The thermal conductivity of the bed is different from a fixed to a
fluidized bed. The effective thermal conductivity of a fixed bed is given by equation
(5.2) and parameters from [32]. For the fluidized bed model, the effective thermal

conductivity is assumed to be the double of the fixed.

Heat balance

Regeneration of the sorbent is input as a convection/conduction heat-sink. The mass
transfer rate used is the decomposition rate of CaCOs. Since the decomposition rate is
dependent on temperature and CO, concentrations in the bed, using this rate might
lead to a rate larger or smaller than what is set by the parameters in the sorbent
calculations made in Appendix E. Heat source inputs are all heat sinks from the
calcination reaction, heating of solids and released CO; gas. It is important to
remember adding the heating of the sorbent as a whole, and not just the part which is

calcinated. Heat balance given below:

Calcination reaction Heating of sorbent Heating of catalyst Heating of CO, from calcinatin

Q=-rate-AH m, . Cpye-dT —m,, -Cp, , -dT — raz‘e-CpCO2 -dT ©.1)

calc

9.5 Interpretation of the model

One important factor with establishing a model is to know how to evaluate the results
of the model. In this case, the evaluation of the results is based on the specific
numbers for regeneration of necessary sorbent stream when a hydrogen production of
10 Nm’/hr is to be sustained. Firstly, the temperature of the reactor has to be at least
900°C for the calcination reaction to be carried out properly. Other factors which tell
if the calcination process is properly done are the fluxes of CaCO3, CaO and CO,. Of

these fluxes, the flux of CO; is chosen as the parameter of verification in this work.
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There is already a CO; flux into the reactor from the combustion of SNG or biogas
outside of the reactor, and a specific flux of CO, will emerge from the calcination
reaction when it is fully carried out. The flux of CO, which is the same as the flux of

CaO from equation (2.6) is calculated in Appendix G.
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10 Model Results

With the implementation of the model described above, results for the bed
temperature, flow patterns and species concentrations can be analyzed. First and
foremost, the temperature of the bed is one of the most important ones, and to see if
the heating value together with the adiabatic combustion temperature of the exhaust
gas is high enough to sustain a continuous calcination reaction. A second parameter
which is important is to study the degree of calcination achieved. For the sorbent to be
fully calcinated, a temperature of 900°C or more has to be sustained. Two sets of
models are examined, one fixed bed and a modified version of the fixed bed, which
should resemble a fluidized bed. Also, two different qualities of fuel gas are
examined, the first one being SNG, or 100% methane. The other one, called biogas,
which resembles the land fill gas at Beler, contains ~48% CHy, 47% CO; and 5% N,
[33]. What differentiates the fixed bed from the fluidized bed in this model is the
permeability; the ability of a gas to percolate through the bed, and the thermal
conductivity; the ability to transfer heat. There are other simplifications made to the
model in general described in Chapter 9.3 which further simplifies the fluidized bed

modelled here compared to a general fluidized bed model.

Graphical results from the model runs are presented for the testrun of the model, and
for model of fixed bed with SNG as fuel gas. The other graphical results for the model
runs with biogas and SNG, which display minor differences between one another, are

given in Appendix N.

10.1 Testrun of model

The first run of the model is of a fixed bed with SNG as fuel gas. The model yields
the temperature profile and CO; flux given in Figure 10 and Figure 11 below. The
nitial molar flux of CO, with SNG as source is 0.55 mol/m’s. The mean outflux of
CO, out of the reactor in Figure 11 is 4.32 mol/m’s. In other words 3.77 mol/m’s
comes from the calcination process. The mean temperature on the top of the reactor is

1370K. Both the CO, flux and the temperature are higher than expected. A
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modification of the relationship between inflow of sorbent and the calcination

reaction follows in 10.2.
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Figure 10: Temperature profile of fixed bed reactor with SNG as fuel gas. Temperature scale given in

Kelvin. X and Y-axis are in meter.
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Figure 11: CO, flux [mol/m’s] in a fixed bed with SNG as fuel gas.
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10.2 Model modification

The calcination process produces 4.7kg CO, per hour, or a CO, flux of 0.95 mol/m’s.
This value is based upon the amount of CO; released from sorbent with a H,
production of 10 Nm®/hr and is calculated in Appendix G. From the initial model
results, it is seen that the value of the flux is many times higher than the expected
value. One of the reasons for the high conversion rate is the high temperature of the
bed. The temperature is directly related to the energy balance given in equation (10.1).

In this equation, the inflow of sorbent, 71, is a static value, as is the inflow of

cale
catalyst, n1,,, . One assumption which until now has not been made is full conversion

of the sorbent entering the reactor. In order to achieve this in the model, the inflow of
sorbent and catalyst must be directly related to the calcination rate. This can be done

in the following way:

.. _ moles CaCO; entering the reactor per hour to— 0(1);2; rate = 4235 rate(10.1)

moles CaO produced per hour 0.

cale —

The catalyst stream is 35.8% of the stream of sorbent, hence ., becomes:

m,, =m., -0.358=4.235-0.358 - rate =1.52 - rate (10.2)

cale

Since the temperature of the bed is dependent on the conversion rate of sorbent and
vice verca, a change is made to the expression for the inflow rate of the sorbent.
Instead of using a fixed inflow, the inflow is rather directly related to the rate of
calcination. This modification leads to another assumption in additions to the ones

presented in Chapter 9.3: that all the sorbent entering the reactor is calcinated.
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10.3 Calcination in a fixed bed

10.3.1 Fixed bed with SNG

With modifications of the relationship between calcination and inflow, the following
results are achieved for the fixed bed with SNG as combustion gas. The mean
temperature at the top of the reactor shown in Figure 12 is 1218 K, and the mean CO,
flux shown in Figure 13 is 1.16 mol/m’s, corresponding to a stream of CO, from the
calcination process of 0.61 mol/m’s, which gives a calcination percentage of 64.21%.

From the temperature profile it can be seen that no hot-spots are formed.
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Figure 12: Temperature profile of fixed bed reactor with SNG as fuel gas. Temperature scale

given in Kelvin, x and y-axes are in meter.
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Figure 13: CO, flux[mol/m’s] in a fixed bed with biogas as fuel gas, x and y-axes are in meter.

10.3.2 Fixed bed with biogas

Combustion of biogas yields a higher fraction of CO; in the exhaust gas, specifically
1.44 mol/m®s. The lower amount of methane in the biogas leads to a lower adiabatic
flame temperature, lower heat capacity and some minor changes in gas viscosity and
density compared to the 100% CH4 SNG. It does not however affect the final
temperature of the reactor to any big degree. In fact, the mean exit temperature of the
reactor is slightly higher than for the SNG. This result is discussed in detail in
Chapter 11.1. The mean flux of CO, at the top of the reactor is 1.95 mol/m’s, which is
equal to an increase of 0.51 mol/m’s from the calcination, yielding a calcination
percentage of 53.68%. The mean temperature at the top of the reactor is 1248K.

Model images of temperature and CO; flux are given in Appendix N.I.
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10.4 Calcination in a fluidized bed

104.1 Fluidized bed with SNG

When upgraded biogas, or SNG is burned and sent through the reactor, it yields a
mean temperature at the top of the reactor of 1223K. Initial flux of CO; is 0.55
mol/m’s, while the mean flux of CO, at the top of the reactor is 1.29 mol/m’s. A CO,
flux of 0.74 mol/m’s thus comes from calcination, yielding a calcination percentage of

77.89%. Model images of temperature and CO, flux are given in Appendix N.2.

10.4.2 Fluidized bed with biogas

The composition in the biogas is as described 10.3.2. The mean temperature at the top
of the bed is 1248K. The initial flux of CO, is 1.44 mol/m?s. The CO, flux at the top
of the bed is 2.08 mol/m?s. Flux of CO;, due to calcination is then 0.64 mol/mzs,
yielding a calcination percentage of 67.37%. Model images of temperature and CO,

flux are given in Appendix N.3.

10.5 Model comments

10.5.1 Determining mean values at top of the reactor

The values for temperature and different fluxes in the reactor vary depending on the
location of the reactor is activated. For analysis, mean values of the temperature and
flux are important. The way to achieve these values is to use a function in the
postprocessing menu of COMSOL called Boundary Integration, and choose the top
boundary of the reactor in order to get the temperature at the top or flux out of the

reactor.

10.5.2 Grid Refining

One way of getting a more accurate solution from a model is refinement of the finite
element grid. In this case, one degree of grid refining of the different models yields a
significant difference in the mean results, and eliminates local high maxima and low
minima, especially for the flux of CaO and CaCOs. A graphical representation of the

difference is shown in Figure 14. At the most, a 21% variation in the results due to
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grid refining is found. It also shows that the biogas in general yields 12% less
calcination than the SNG.The results of the grid refining are presented in Table 1

below.

Table 1: CO, recovered from sorbent, for default(normal) grid and for one degree of grid refining

CO, recovered:

Molar flux of CO,[mol/m?®s] | Percentage of ideal [%)] | Ref.diff[%]
Reactor config,fuelgas | normal Grid refining normal  Grid refining | difference
Fixed,SNG 0,61 0,69 64,21 72,63 13,11
Fixed,biogas 0,51 0,62 53,68 65,26 21,57
Fluidized, SNG 0,74 0,82 77,89 86,32 10,81
Fluidized, biogas 0,64 0,72 67,37 75,79 12,50

Figure 14: Change in model results for CO, flux from default grid to one degree of grid refinement.

10.5.3 Sensitivity Analysis

Eventhough the temperature of the bed is high enough for calcination, it is not fully
carried out. In order to see how parameters such as adiabatic flame temperature, heat
capacity of the exhaust gas, and thermal conductivity affect the bed, a sensitivity
analysis is carried out on the fluidized bed configuration. The results are presented in
Table 2 below, where the CO, flux is the flux from calcination. Since all the model
results are from the SNG case with 100% combustion of methane, there will be an
initial flux of CO, of 0.55 mol/m?s. This flux is subtracted in all the results shown in

Table 2. The sensitivity analysis is based upon model results with default grid.
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Table 2: Sensitivity analysis with Factor as the scaling unit.
Sensitivity Analysis

CO, flux CO, flux Thermal CO, flux
Factor T.[K]  [mol/im®s] Cp [J/kg-K] [mol/m®s] concuctivity[W/m-K] [mol/m?s]
1,4 3158 - 1992 0,95 1,75 0,80
1,2 2707 1,26 1708 0,84 1,50 0,77
1,1 2482 0,93 1565 0,79 1,38 0,75
1 2256 0,74 1423 0,74 1,25 0,74
0,9 2030 0,58 1281 0,69 1,13 0,73
0,8 1805 0,42 1138 0,64 1,00 0,71

In Table 3, the CO, fluxes are seen in relation to the base case with scaling factor = 1:

Table 3: Relative changes in CO, flux

Factor Tad Cp Therm.cond
1,4 - 1,28 1,08
1,2 1,70 1,14 1,04
1,1 1,25 1,07 1,02
1 1,00 1,00 1,00
0,9 0,79 0,93 0,98
0,8 0,56 0,86 0,96

From the sensitivity analysis it is seen that the temperature of the bed, and the heat
capacity are the strongest factors, while a change in thermal conductivity from the

initial value does not have a big effect on the calcination.
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11 Conclusions and recommendations for further

work

11.1 Heat exchanger tubes in a fluidized bed reactor

One way of supplying the heat without disturbing the gases involved in the
calcination process is installing heat exchanger tubes in the reactor. Calculations
based on Vreedenbergs correlation for horizontal tubes and heat transfer due to
radiation demanded an effect of 14.02 kW. This equates to a heat exchanger area of
0.325 m” and 96 tubes in 12 rows of 8 tubes, demanding a 0.26m height of the heat

exchanger in the bed.

11.2 Discussion of model results

From the temperature profiles with both methane and biogas combustion it seems that
the heat supplied is sufficient for both heating of the solids and carrying out the
calcination reaction. It is however important to keep in mind the simplifications made
in Chapter 9, and the residence time of the heating gas in the reactor. The model
results however show a calcination rate from 65 — 83% of the ideal. The sensitivity
analysis in 10.5.3 points to some factors that can affect the calcination. With increased
combustion temperature or increased heat capacity of the gas through the bed, the
calcination rate rises and eventually reaches the expected rate. Also an increased heat

capacity or thermal conductivity raises the level of calcination.

11.2.1 Temperature profile similarities

The small deviation in temperature of the two configurations described in Chapter 10,
and the higher temperature of the second configuration with biogas as fuel can to
some extent be explained by the lower heat capacity of the biogas. In order for the
combustion of biogas to yield the same amount of energy as the SNG, the volumetric
flow of exhaust gas is larger, hence the residence time of the exhaust gas molecules is
less, giving less time for heat exchange between exhaust gas and sorbent. A higher
volumetric flow with a gas of lower heat capacity leads to a lower heat exchange with

the sorbent, thus increasing the temperature out of the bed. A look at the fluxes of
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CO; of the two fuel gases show that the sorbent conversion is about 14% and 11%
lower in the bed where biogas is used as fuel compared to the case where SNG is
used. The lowered conversion rate is an expected result due to the above-mentioned

factors.

11.2.2 Similarities between the fixed and fluidized bed model

Due to all the simplifications made in Chapter 9.3, in the end only two parameters
differed the fixed from the fluidized bed, namely the permeability of the bed and the
effective thermal conductivity. The results from the two different models are thus as
expected, a little higher for the fluidized bed, but still minor results, both

concentration and temperature-wise.

11.2.3 Possibilities of heat integration

An integration with other heat appliances, such as the heating plant where the planned
reformer will be located, was looked at in Chapter 8.2, and by the results from the
calculations done there, the available heat in the process is best used by heating solids
and gases used in the SE-SMR process itself, with only a theoretically available 3.5
kW of heat with the production capacity in this work. On a bigger scale, more heat
would be available, and it might be used in heat echanging with for example water in

a central heating plant.

11.3 Recommendations for future work

Establishing a model which incorporates fluidization

In order to get more accurate results in the modeling process, establishing a model
which fully incorporates the hydrodynamics of a fluidized bed, such as bubble
formation, coalescence and breakage would be desirable, but would need a larger time
frame or previous in-depth knowledge to different models of fluidization and/or
knowledge of suitable programs for modeling fludization. Other modeling programs
might prove themselves more adequate for the specific task described in this work. A

source code for modeling fluid-solid systems called “MFIX” has been written for
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FORTRAN, and might prove itself a good candidate for continuing the modeling

presented here.

Modeling combustion reactions

With the model established in this work, it is seen that the temperature of the exhaust
gas of combustion is sufficient for calcinating the amount required for the given
regeneration rate. However, in order to get a more accurate picture of the methane
combustion and its effect on fluidizing patterns, the reaction kinetics of methane
combustion should be included in future models. Burning the methane in the reactor

would lead to higher local temperatures and fuel could thus be saved.

Modeling the calciner coupled with the carbonator

In order to give an overview over the entire process, a full model with two bubbling
fluidized beds coupled together, one working as carbonator/hydrogen production unit,
and the other as the calcinator would be desirable. This would however require an

extensive amount of time.
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Appendix A Derivation of Darcy’s Law

Even though Darcy’s law was experimentally found independently of Navier Stokes,

1t can be derived from Navier Stokes’ law of momentum:

ov =
p(5+v Vv] ~Vp+ NV + f (A.1)

Where p is the density of the fluid, g—‘; is the transient change of the velocity field,

v-Vv is the convective acceleration which is the effect of time independent
acceleration of the fluid with respect to space, Vpis the pressure gradient in the fluid,
1V is the effect of viscous shear forces, and f is a collective term for other body

forces, such as gravity.

First step towards Darcy’s law is assuming stationary flow, which cancels out the

transient change of velocity, leaving equation a.1:

p(V-VV)=-Vp+uVii+f (A2)

Secondly, assuming creeping flow since flow in porous media governed by Darcy’s
law has a low Reynolds number. The result is that the inertia effects can be ignored in
comparison to the viscous resistance, i.e. the convective acceleration is cancelled:
0 :—Vp+/N2\7+J7
(A.3)
Thirdly, assuming the viscous resisting force is proportional to the velocity, and

opposite in direction yields:

HP y
K, (A.4)

0=-Vp+—

Where ¢ is the porosity, and «; is the permeability. With the only body force being

gravity, the equation becomes:

O——Vp+’u¢v+pgx (A.5)

l
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Arranged:

v =% (Vp- pg,
v @l(p Pg;)

v is related to the Darcy flux, q, by the porosity ¢:

q

\7:j
1%

which gives Darcy’s Law:

q, :_I(Vp_pgi)
u

For two dimensions, the effect of gravity can be neglected:

q; :;Vp
7

Expressed with pore velocity:

0=—vp+t25
K.

l
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Appendix B Derivation of Brinkman equations from

Darcy’s Law

Darcy’s Law, as derived in Appendix A accounts only for flow in porous media and
low velocities. Brinkman combined the Stokes Equations which describe flow on a

microscale level and Darcy’s Law which describes the flow at macroscale:

Darcy’s Law:
0="Xivp_y
Pu (B.1)

Stokes flow at low Reynolds numbers:

0=-Vp+uVv
(B.2)

Brinkman equation:
0=—-VP+ V% — ux’v (B.3)

The equation is like Stokes Equation, but unlike Darcy’s Law second order. This has
the significance of allowing for the solution of flow around a particle or motion

caused by a particle with no-slip boundary conditions on the surface [34].
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Appendix C Heat exchanger calculations

Heat exchanger tube calculations based on [16] and [35]

Calciner properties

Heat transfer parameters

Radiative heat transfer coefficient

]-J-'i?;“—z:':l

r_(fw"'fa_fw'fa ?‘:2_?;'

Heat transfer coefficient

N
ay T,—T,)

56

Inner diameter, Di 02 m HEX Tube diameter, Cy 0,003 m
Temperature, T a00 °C Farticle diameter, dp 1,87TE-04 m
Fluidizing air, U 0,1 mis Solids density, oq 1724 kgirm’
Berimeahliy, i 2 3E-10 M Gas density, 03887 kafm®
Effect, @ 14,02 kwy (a5 viSCosity, My 4 35E-05 Pas

(3as heat capacity, Cy 4 1795 dfka K
Heat exchanger, physical properties (zas thermal conductivity, k 4 0,0961 Wim K
HEX area, aw 0326 m? EBedwvoidage, ¢ 0s
Quadratic area: 0,14 x0,14 == T 08E+00
Aveal, one tube, At 0,0035 Re, 1,66E-01
Mumber of tubes, Rt 92 507 Fry 08199844
Tube spacing per row 175 hw , from Yreedenbergs corr 0,707 KWWImM?K
Tubes per row, theoretical 875
Tubes per row 8 Wall temperature, T 950 °C
Rows, thearetical 11 5633 Eed emissivity, &, 09
Rows, theoretical 12 Wall emissivity, e, 0,95‘
Rowspacing 001086 m Stephan Bolzman const 5.67E-08 Wim K
HEX height 0,26057 m Radiative heat transfer coeff, hr 0,1543577 KWk

Total heat transfer coeff, h 0,561 IR,

Vreedenbergs correlation
044
B Dy _gge.pos | 2028 ] poow
k, : [ oy € ] ’
RenzD!.Pg.U Re_a:dp.pg.y szM
£y Hy &,




Appendix D Methane combustion

Methane combustion in air is a very fast reaction and involves many elementary
reactions before the final products of the combustion are achieved. Global, curve-
fitted reactions for methane combustion within a limited range of temperature and
stoichiometry are however useful, as long as the case at hand is within that range.
Two reaction rates have been studied and efforts were made to implement them in the
COMSOL model discussed in this thesis. Problems with non-converging solutions
lead however to a simplification of the model, described in Chapter 7. Wu et al. [36]
present a range of methane combustion rates, one of which was originally proposed

by Dryer-Grassman, and is valid for 830 °C <T <1130 °C:

1.5
d[CH4] —l=—10" exp(— %)[CHA‘ ]0.7 [OAQ{;(%] (D.1)

Another global reaction rate expression which was evaluated and attempted

implemented in the model, is one presented in [37]:

dlcH,]
dt

=-5.74. IOIO[CH4 Tos [Oz ]LS{mOOO/RgT

(D.2)

Common for both these reactions is a very high value for &, which is to say they are

both very fast reactions.
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Appendix E Energy balance and heat capacity

calculations

Calculation of specific heats from [38].

Energy balance

58

species strearn [kathr]  Energy [kd/hr] Effect [KWY]
Heating of CaCOy 45 49 21254 53 5,90
Z02 fram calcination 472 2186,16 0Bl
Cal from calcination 6,0 19103 21 23
Catalyst 16,81 793057 2,20
Tatal: 047475 14,02
Coefficients for calculation of specific heat (300-1000K) T.[C 500
Compound A [J/mol] B [//mol*2] C [JK/mol] D [J/mol*K* 3] Tin [K] 73
CH4 223 9 F9E-02 B, 1ME+HIS -2 FOE-05 Teatcination [C] 900
co 2587 651E-03 1, 11E+I5 1,02E-06 Teatcination [K] 173
Cco2 2931 4 00E-02 -2 ABE+15 -1 48E-05 Tt 400
H2 2586 4 B4E-03 1 58E+15 -3,70E-07
H20 2841 125E02 1 28E+15 3 BOE-07 On calculation of specific heats:
Ca0 57 .76 -1 08E-02 -1,15EHIB 5 23E-06 Calculation of specific heat based upon equation
CaCo03 99 54 27102 -2, 15E+HlB 2 00E-09 below. A temperature between 300 and 1000k is
MgO 47 49 4 BRE-03 -1, 03EHIB -2 FOE-07 chosen in the blue field above.
MgCO3 7335 5 A0E-02 -1 A5E+HIB 2 00E-08 o
MgAI204 15385 2 FBE-02 -4 OEE+IE 0,00E-+00 Cp-i =4+5 T+ z+10- T2
N2 29 342 -3 54E-03 1,01E-05 -4 13E-09 2 A559E-13 T
02 3626 -1 BBE-03 7 DBE-05 -6 7BE-09 2 1BE-12 For calculation of heat capacity of N2 and O2:
Calculation of specific heats (300 - 1000K) gt B T+y T2 +8.T +e2.T*
At: 773 K R
JifmortK) MW ikgkmal) ki k™)
Air 30,84 28597 1,068
CH4 62 B3 16,04 3,50 Combustion gas
co 31,70 280 113 species % mass (g/m*3)
Cco2 50 95 44 01 1,16 M2 0 0 101325
H2 2954 2,02 14 B8 coz2 50 228 28282 T 900
H20 3849 18,02 2,14 H20 50 936123982 Tk 173
CaO 5063 56 050 4 1
CaCO03 116,93 1001 117 R 8,314
MgO 4919 403 122 Total 100 322 24068 n (rmolim®) 10,389833
MgCO3 120,37 84,31 143
MgAI204 167,80 142 27 1,18
Comb gas: 35,99 27E2" 1,30
N2 3081 28 1,10
02 3355 32 1,05
Specifications of different combustion gases
%CH4 %02 Sahi2 mol 002 mol H2ZD  mol N2 mol OZ |[total: mol COZ2 mol H20  mol N2 mal 02
SNG 1 0 0 1 2 827 02 1272 092 184 762 0,18
Biogas 0,48 0,47 0,05 3083 2 838 02 1346 238 154 b A7 0,18
Cp (J/molK)  Cp (J/kg*K) pikg/m*3) Tad, (K) U (m/s) [ofr. COZ mfe HZO  mifr N2 | mfr. O2
SNG 3 1308 0,293 2256 257 009 018 073 002
Biogas rd 1283 0,319 2033 3.1 023 0,15 052 0,01
Fluxes of gases [mol/s] Burning rate, h
Ulm's] | coz H20 N2 0z HHY 802900 Jfmal
SNG 257 0017461701 0034523403 0,144443 00017 Effect 14020 Wi
Biogas 3.1 0045085006 002924749 0122491 00015 Strearn, CH4 001746 mol/s
Total stream 021843 molfs
Flux of gases [mol/m**s]
Uri's] Alm?] coz H20 N2 02
SNG 257 00314 056 1.1 460 006
Biogas 31 00314 1.44 053 350 0os



Appendix F Adiabatic flame temperature
calculations

Fuelsim — Average is a spreadsheet developed for combustion calculations. It is
developed by @yvind Skreiberg at the Institute of Thermal Energy and Hydropower at
NTNU.

It is a relatively simple, but useful, mass, volume and energy balance spreadsheet for
continuous combustion applications, but can also be used for other thermal conversion
processes where solid fuel is converted to a fuel gas mixture of O,, CO, NO, NO2,
UHC (unburned hydrocarbons), SO,, N,O, H,, NH3;, HCN, Tar, CO,, N;, Ar and H,O.
The fuel can either be a solid fuel, a liquid fuel or a fuel gas, and the oxidant can
either be ISO 2533 Standard air, with a user defined relative humidity, or a gas
mixture of O; (the only oxidant), N, CO,, Ar and H,O [39].

For calculations of adiabatic flame temperature from different gas compositions,
molar fractions of the different compositions are input in the sheet “Gas
Conversions”, and are then copied onto the calculation spreadsheet called “Average”.
Temperatures for the preheating of combustion air and fuel are chosen. Also the
amount of excess air in the combustion is chosen. Based upon the mentioned inputs,

the adiabatic flame temperature is given.
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Appendix G Sorbent calculations

Sorbent calculations based upon works of [16].
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Gas properties: H2 and CO2 production:
ressure 101325 Pa
'T'emperature 298 K CH +2H,0 & C0, +4H,
Yaolurne 1
gas constant 8,314 Jfmolkl species MW Nm/hr mol/hr  mol/s kg/hr
moles 40,8958942 maolfr® H2 202 10 40839538 01135025 0825117
CH4 16,04 2E2AE719E 107 3408 00298160 1721749
coz2 4401 2624671216 107 3409 002953163 4724074
Sorbent conversion Catalyst properties
P L) PaE) Mecat 014226 kgfmol
o™ = Catalyst stream 0,28 kgfmin
Wy }an_[%aca _1] Wy 0472 Catalist stream 0,0047 kgfs
Yona \ Moag Molar stream 0,0328 rolis
Cp at 173K 182,38 Wmolfk
¥can 32 wi%h
Yruuge 20,3 wit%
Wimpurities 1 wi% Calcination yield per unit fuel:
¥oan 022 Effact: 14 02 kW
Mean 56 kgfkmol Per ko: 2332355 KWikg
Mecacos 1001 kgsomol Per mal: 130 6119 YWmaol
Low(t) 4 72407432 kythr
wil 454937819 kg CaCO3 f hr
Sorbent flow 001263716 kgis
Sorbent flow 012624537 molfs
Sorbent flow 401863349 molim®s
Ca0/c02 flow 094913019 molm’s
Cal fhr 501109206 kgthr




Appendix H Revisions and Modeling complications

H.1 Revisions of the model

Initially a fully fluidized bed with in-reactor methane combustion was planned
modelled. The process of modelling a fluidized bed involves solving two Navier
Stokes equations (one for solid phase and one for gas phase) with different pressure
gradients simultaneously, and including bubble formation, coalescence and breakage.
There are also many different mathematical models for fluidized beds, and
considerable time was initially spent on finding the adequate mathematical model for
the process of calcination and methane combustion in a fluidized bed. During this
work, [ had a conversation with an expert on fluidized bed, Hiromi Takeuchi from the
Japanese National Institute of Advanced Industrial Science and Technology, and an
expert on two-phase modelling, Terje Sira at IFE. Both pointed out that I had a short
time-frame for modelling a fully fluidized bed including calcination and methane
combustion kinetics. After consulting with my advisors, it was decided that I would
model a semi-fixed bed, based upon the Brinkman equations, which would have some
of the characteristics of a fluidized bed(perfect mixing and a voidage of 0.5). The
initial model I set up in COMSOL included methane combustion kinetics described in

Appendix D.

H.2 Complications with the methane combustion kinetics

H.2.1 Rate of combustion reaction — solving with “time-step”

The rates of methane oxidizing reaction, given by equations (D.1) and (D.2) are very
fast, with k~10%. With diffusion coefficients of the different involved gases around 2e-
5, the model would not run. There are many different solvers in COMSOL, of which
the stationary solver is the default. A time step solver may also be used when
reactions occur in small time steps. The solver was thus changed to this mode and
appropriate values of time scale and time stepping were input. Still the model would
not run. In order to get the model to run the diffusivity coefficients of the involved

gases were raised to an order of ~10”. This is, to say the least, very unsatisfactory.
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Another cross check on the diffusion coefficients confirmed that the coefficients were
indeed as first found, around 2e-5. The global reaction rate of methane combustion
has already been used to describe the combustion in fluidized beds, and with initial

temperatures of the ones demanded by (D.1), the model still would not converge.

H.2.2 Mixing of gases

In order to combust properly, methane should be well mixed with the reactants. In the
first model, a separate stream of methane is injected Scm above the distributor plate
where air is flowing through and mixes in the reactor where the combustion is taking
place. This could potentially lead to errors in the modelling parameters as the
combustion reaction is dependent on both CH4 and O, concentrations, and initial
values of air within the reactor was set to overcome this problem. That however did
not change the results. A small change could be achieved by including methane in the
gases streaming up through the distributor plate.This resulted in the possibility of
lowering the diffusion coefficients to ~10”, which is significantly lower than without

the perfect mixing, but still in the order of 10° higher than the calculated values.

H.2.3 Stabilizing techniques

A feature of COMSOL is “Artificial Diffusion”. This is a correction term that can be
added to a given convection-dominated problem which will not solve with the default
solver due to instabilities. In studied fields these instabilities are represented as big
oscillations, and if large enough will prevent the solver from converging. There are
thus several stabilization techniques in COMSOL in order to address these problems.
This was tried out, but only led to convergence at very low initial temperatures (T <

350K) of the bed.

H.2.4 Abandoning modelling of the methane combustion kinetics

As I was trying out the remedies listed above in order to get the model to converge, I
suspected that COMSOL might not be an adequate program for that kind of
modelling. After consulting COMSOL support with a detailed specification of my
problem I got a reply that in order to include combustion in a COMSOL model, it has
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to be imported using Chemkin and COMSOL Reaction Engineering Lab, and that
COMSOL itself does not have the proper application modes to treat combustion.
Considering that what was the most important task in the modelling process was to
examine whether the temperature in the reactor would be high enough with heating of
solids and calcination reaction, I rather let the methane combustion reaction be carried
out in a “black box” outside of the reactor, and the exhaust gas from the combustion
flow through the reactor from underneath, working as the fluidizing gas. I then
implemented the calcination reaction and checked if the temperature of the bed was

still satisfactory.
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Appendix |  Thesis progress plan

When the frames around the thesis were set early in 2008, a progress plan was set
down in order to structure the work from start to delivery date. Most of the
background information on the generalities of the technology was already established
from a project work in the fall of 2007[11]. As can be seen from progress report
below the plan, the actual work deviated a little from the planned.

Progress plan , master thesis - Bjgrn Simonsen

Activity th | February | March | April | Ma | June | July

Diefining the work 01.02 - 02.03

Excursion, Mepal 02.03-27.03

Learn COMSOL 27.03-21.04

Matlab model 07.04 - 21.04

Fluidized hed, background 27.03-3004

Heat exchange, hackground 27.03-3004

Write report, background 15.04 - 07 .05

Dimensions, SESMR 21.04 - 07.05

Simple model 01.05-21.05

Model version 2 15.05 - 07.06

Digcussion model 01.06 -15.06
Improvement model 07.06 -21.06
Results, final report 07.06 -15.07
Delivering thesis

February

I spent most of February defining my work, having meetings with my advisors and
researcher Julien Meyer. We also had a discussion about what modelling tool I was to
use, and we ended upon COMSOL Multiphysics.

March
Most of March I participated on an excursion with other students from NTNU to
Nepal. When I got back I started learning COMSOL with help from Thomas Ferde.

April

First week of April I was in Athens on a IEA HIA conference as a step-in for my
advisor, Qystein Ulleberg. When I got back I continued with COMSOL and set up a
preliminary model of the heat exchanger. At the same time I looked up articles on
fluidized beds and heat exchange and calcination in fluidized beds in particular. I also
looked at a one-dimensional Matlab model of a fluidized bed developed by Kim
Johnsen, but concluded with that it would not assist me specifically in my work and
thus abandoned it. Considerable amount of time was spent in finding the appropriate
equation system for my problem.

May

More time was spent on learning COMSOL and the equation system. In meetings
with other researchers and my advisors we concluded that the two-phase fluidized bed
modelling would be too much to accomplish within the available amount of time, and
simplifications given in Appendix H were made. I did the analytical calculations for
the heat exchanger tubes, and found sources for calculating the different necessary
parameters. The final equation set for my problem was established in mid May, and I
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started modelling. I quickly encountered problems with the reaction rates for methane,
(also described in Appendix H), and spent considerable amount of time verifying that
the reaction rates were correct and changing settings in COMSOL to remedy the
problem.

June

In the beginning of June I abandoned the methane combustion kinetics, and instead
modelled the combustion as a “black box™ combustion outside the reactor, using
adiabatic flame temperatures and exhaust gas composition in the model, utilizing the
exhaust gas as fluidizing medium. Time was spent finding the appropriate parameters
for fixed and fluidized beds and the differences between them. Model constantly
improved and tested. Calcination kinetics applied.

July

Further improvement of the model, discussion of the results and general work with the
report. Sent the report to my advisors in for comments three weeks before delivery
date for a review before final delivery of report on July 22
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Appe

ndix J

Diffusivity coefficients

Binary diffusion coefficients calculated on the basis of [40] and in porous structures

from [16].
Diffusivity calculations
Constants Lennard Jones numbers
T A00 Ternperature[C] species MAEgkmoll o &k [K] oy
T 1173,15 Terperature[k] 02 32 347 1067 0713169
P 101325 Pressure [Pa) coz 4401 394 1952 07976596
Phar 10133 Pressure har H20 1802 264 8091 1233343
T 5 Tortuosity factor N2 2801 38 714 0E74RZ7
£ 0.5 Porosity
rav 100E-08 Pore radius[m]
Binary diffusion coefficients Binary Diffusion coefficients
A-B M..c g Dy [m/s] (kAB[K] T* nn A 1 0636
02 - H20 23,056 3054 2RS2E-04 293821 3993 0584 B 01561
02 - Cc0o2 37 056 3,704 1B38E-04 144319 5129 0,771 000286 T C 0,193
02 - N2 29 672 3633 2062E-04 67283 13441 0,709 Dy=—r D 0 47635
02 - 02 37 056 3,704 1F38E-04 144319 5129 0,771 M el E 1036687
CO2-H20 25570 3291 2013E04 297412 2982 0957 F 15299
02 - M2 34,233 3870 1B16E-04 118,086 9937 0748 _ . = G 176474
H20-G02 25570 3291 2013E-04 397412 2952 0957 M=y )+, T H 389411
H20 - 02 23086" 3054 2BS2E-047 203821 3993 05es T kT/eAB
H20 - M2 21,931 3,220 2857E-04 240,353 4591 0,850
NZ - HZO 21,931 3220 2EA7E04 240353 4881 0850 01, =088224(k T8 P +05624
N2 - COZ 34,233 3870 1B1GE-04 118056 9937 0745 .
M2 - 02 29872 3533 2062E-04 87283 13441 0,709 =2y + )
4 N oy N i) N &
PP emp(DT) exp(FT)  exp(HT)
Diffusion in multicomponent gas mixtures
fuelgas  mir. CO2  mifr. HZO  mfr. N2 mfr. 02
SNG 0,089 NI 0,734 008 n 1
Biogas 0,229 0,149 0522 0,015 mirture
g ol D+ D s+ 4 D,
J
02 - mix H20 - mix Wbl
SNG 1 793E-04 SNG 2 961E-04
Biogas 1,.828E-04 Biogas 2 756E-04
Diffusion in porous structures
C02 - mix N2 - mix
methane 1 3808E-04 methane 7 526E-04 £
Biogas 2137E-04 Biogas 4 330E-04 me DAB+ e ?
Dpore Dkn Dee T e
5572E-05 5,008E-06 3 522E-04 Dy =971y T
m:
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Appendix K Viscosity Calculations

Viscosity calculations are based upon coefficients and formula given by Lydersen

[41].
Viscosity calculations
Compound hi =]
coz 1 50E-06 220 Viscosity of species i:
H20 1. 74E-06 626 b TS
2 1 69E-06 126 M=
N2 140E06 108 T+5
With T=1173
Compound il Pty HignG ¥ibingas
coz 4,326E-05 4401 0088715 022908231
H20 38BBE-05 1601 0174338 0,14859393
M2 4 391E-05 281 0655509 0 62232376
o2 5,227E05 32 00581435 0,014852939
Hshg 4 365E-05
Hbiogas 4, 37BE-05
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Appendix L  Geldart classification of particles

By carefully observing fluidization of all sorts of sizes of solids, Geldart (1973) classified the
behaviour of fluidized solids into four distinct categories by the density difference between
the particles and the fluidizing medium (p, — pr), and by the mean particle size, d,, in four

categories: C, A, B and D:

Category C:
The bed particles are cohesive and difficult to fluidize, due to interparticle forces being
greater than those resulting from the action of the gas. Face powder, flour and starch are

typical examples of these solids.

Category A:

The bed particles exhibit dense phase expansion after minimum fluidization and before the
beginning of bubbling. Gas bubbles appear at the minimum bubbling velocity, and exhibit
controlled bubbling with small bubbles at higher velocities. Particles have a small mean size

and/or low particle density (< ~1.4g/cm’)

Category B:
Gas bubbles appear at the minimum fluidization velocity. Sand like particles of sizes typically
between 40 and 500pum and density between 1.4 and 4 g/cm’. At higher velocities bubbles

grow large.
Category D:
Stable spouted beds can be easily formed in this group of powders. These particles are either

large and/or dense. Deep beds are difficult to fluidize.

In Error! Reference source not found., a graphic of the classification is given, with the

calcite marked as a red dot in the category B.
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Geldart's Classification: Clazs Geldart: B

1.0E+04

Rop-Rof
(kg #m3]

1.0E+02

1.0E+01 1.0E+04

dp mic
Figure L.1: Geldart classification of particles with dolomite marked off as red dot [42]
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Appendix M Model graphics

M.1 Fixed bed with biogas

Surface: Temperature [K] Mar: 2033
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1400
1200
a
0.4 0.2 0.2 0.1 0 0.1 0.2 0.z 0.4
Min: 1237 954
Figure M.1: Temperature profile in a fixed bed with biogas as fuel
Surface: Tatal Aux, OCE [malifm -5)] Max: 2,696
0s 25
04
2
0z
15
0.2
11
0.1
0g
o
0.4 0.2 0.2 0.1 a o1 0z 0.2 0.4
Min: 2.357e-4

Figure M.2: CO, flux in a fixed bed with biogas as fuel
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M.2 Fluidized bed with SNG

Surface: Ternperature [K] Mg 2032
0 2000
1300
0.4
11800
0.z
71700
71600
0.2
= {1500
0.1
1400
1200
a
0.4 0.2 02 0.1 1} o1 nz 0z 04
Min: 1220.4832
Figure M.3: Temperature profile in a fluidized bed with SNG as fuel
Surface: Total fux, O [mellim -5 Max; 2,385
0.5
2
0.4
(.| 1.5
0.3
0.2 F 1
0.1
0.5
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0.4 -0.3 -0.2 0.1 o 0.1 0.2 03 0.4
M 2.851e-4

Figure M.4: CO; flux in a fluidized bed with SNG as fuel
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M.3 Fluidized bed with biogas

Surface: Ternperature [K] Mar: 2033
o 2000
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Mn: 1236517
Figure M.5: Temperature profile in a fluidized bed with biogas as fuel
Surface: Tatal Aux, G2 [moli{m 2-51] Max: 2,425
0L
2
0.4
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05
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Min: 2.201e-4

Figure M.6: CO; flux in a fluidized bed with SNG as fuel
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