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Abstract 21 

Flexible operation of combined cycle thermal power plants with chemical absorption post combustion CO2 capture 22 
is a key aspect for the development of the technology. Several studies have assessed the performance of decentralized 23 
control structures applied to the post combustion CO2 capture process via dynamic process simulation, however there 24 
is a lack of published data from demonstration or pilot plants. In this work, experiments on transient testing were 25 
conducted at the amine plant at Technology Centre Mongstad, for flue gas from a combined cycle combined heat and 26 
power plant (3.7 to 4.1 CO2 vol%). The experiments include six tests on open-loop responses and eight tests on 27 
transient performance of decentralized control structures for fast power plant load change scenarios. 28 

The transient response of key process variables to changes in flue gas volumetric flow rate, solvent flow rate and 29 
reboiler duty were analyzed. In general the process stabilizes within 1h for 20% step changes in process inputs, being 30 
the absorber column absorption rates the slowest process variable to stabilize to changes in reboiler duty and solvent 31 
flow rate. Tests on fast load changes (10%/min) in flue gas flow rate representing realistic load changes in an upstream 32 
power plant showed that decentralized control structures could be employed in order to bring the process to desired 33 
off-design steady-state operating conditions within (<60 min). However, oscillations and instabilities in absorption 34 
and desorption rates driven by interactions of the capture rate and stripper temperature feedback control loops can 35 
occur when the rich solvent flow rate is changed significantly and fast as a control action to reject the flue gas 36 
volumetric flow rate disturbance and keeping liquid to gas ratio or capture rate constant. 37 

1.  Introduction 38 

The anthropogenic greenhouse gas emissions have led to the increase in concentration of CO2 in the 39 

atmosphere, being the main cause of global warming and climate change [1]. Carbon capture and storage 40 

(CCS) is a group of technologies that can significantly reduce the CO2 emissions from the use of fossil fuels 41 

for thermal power generation and other industrial sources [2]. According to the International Energy 42 

Agency, the global average carbon intensity of the power sector in 2015 was around 500 kgCO2/MWh and 43 

global average of 100 kgCO2/MWh should be achieved by 2040 to be consistent with a 2 °C scenario [3]. 44 

In this regard, natural gas combined cycle power plants could be considered today as low carbon alternatives 45 
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due to their carbon intensity levels of 400-450 kgCO2/MWh. However, in the mid-to-long term it might be 46 

required to decarbonize natural gas combined cycle power plants by retrofitting existing units with post-47 

combustion CO2 capture (PCC) or by designing new CCS power plants. Post-combustion CO2 capture with 48 

chemical absorption using amines is considered a mature technology for CCS from thermal power plants 49 

[4], and it has been demonstrated at commercial scale in CCS projects from coal-fired thermal power plants, 50 

at Boundary Dam project in Canada [5] and the Petra Nova project in US [6]. 51 

In current and future energy systems with high penetration of renewable energy sources, the operational 52 

role of thermal power plants changes. Load-following operation of thermal power plants and flexible 53 

operation will become a key aspect of the technology development [7, 8]. Thermal power plants will need 54 

to cycle on and off and to ramp up and down more frequently, rapidly and cost-effectively [9], in order to 55 

keep the balance between generation and demand and back-up renewable energies, and to be competitive 56 

in the power markets. Regarding thermal power plants with CCS, load following capabilities and 57 

operational flexibility are considered as extremely important aspects of the technology [4, 10, 11]. 58 

The transient performance of the post-combustion CO2 capture system during start-up and shut down, 59 

load changes and flexible operation strategies is a key aspect that has been subject of extensive study via 60 

dynamic process simulation tools. Dynamic process modeling and simulation has been used to assess 61 

aspects of flexible operation and control of thermal power plants integrated with PCC [12-18]. Bui et al. 62 

[19] concluded that work should focus on providing sets of transient data from PCC pilot plants for dynamic 63 

process model validation and for gathering more knowledge on pilot plant flexible operation. Nevertheless, 64 

pilot plant testing requires expensive resources and there are limited published data with transient operation 65 

available in the literature. Transient pilot plant testing is normally conducted with two methodologies, open-66 

loop transient testing or testing flexible operation scenarios. 67 

During open-loop testing, step changes are applied in set-points of some inputs to the plant, and the 68 

transient response of the process variables of the system are monitored. This approach helps to characterize 69 

and analyze the transient response of the process and contributes to generate suitable data sets that can be 70 

utilized for dynamic process model validation. The open-loop tests are desired since they minimize data 71 

variability and also allow to identify the effects that one input or disturbance to the plant have on important 72 

process variables of the process. In addition, the influence of the control loops of the advanced control layer 73 

of the chemical plant on the resulting transient performance is reduced. Test campaigns have been 74 

conducted for the chemical absorption process with aqueous monoethanolamine (MEA). Faber et al. [20] 75 

conducted transient tests with the Esbjerg pilot plant at the coal-fired power plant Esbjergværket, in 76 

Denmark. They conclude that the capture process acts as a buffer for any perturbation at the inlet, and that 77 

the process required between 1 h 15 min and 1 h 45 min for stabilization after the disturbances applied. 78 

Validation of dynamic process models with data from Esbjerg transient tests was conducted by Åkesson et 79 

al. [21] and Gaspar et al. [22]. Flø et al. conducted transient tests at the Gløshaugen pilot plant to provide 80 

sets of data and carry out dynamic process model validation by applying set-point step changes [23]. Several 81 

publications have described transient tests by applying step-changes in main inputs to the process in pilot 82 

plants with the purpose of generating data for dynamic process model validation [15, 24-27]. In addition, 83 

research is carried out to reduce the heat required for solvent regeneration [28, 29]. 84 

Bui et al. [27] conducted a flexible operation campaign at the AGL Loy Yang power station, with the 85 

post-combustion CO2 capture pilot plant that treats a slipstream of flue gas from the coal fired power plant. 86 
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This experimental study verifies that flexible operation is feasible, and highlights the lack of experimental 87 

tests involving control structure analysis during dynamic operation of pilot plants. Tait et al. [30] conducted 88 

a pilot scale study of dynamic response scenarios for flexible operation of the PCC process. Five scenarios 89 

were tested: gas turbine shut down, gas turbine start-up and three scenarios for power output maximization. 90 

Their conclusions include that large solvent inventory increases total circulation times, and those have a 91 

significant effect on capture rate during dynamic operation, and that the plant requires longer time for 92 

stabilization when operated with larger amounts of solvent inventory. 93 

A key aspect of transient operation of the process is related to the control structure implemented in the 94 

PCC plant. The transient response of the system to disturbances differs for different control strategies. 95 

Several contributions in the literature have utilized validated dynamic process models and simulations in 96 

order to assess the controllability and evaluated the capability of different control structures to reject 97 

disturbances [13, 14, 31-33]. The work conducted via dynamic process simulation contributes to develop 98 

the learning curve for flexible operation of the system in the scarcity of commercial scale operational 99 

experience. However, to the authors knowledge these control strategies have not been implemented or 100 

tested at pilot or demonstration scale plants. Therefore, this work focuses on getting hands on experience 101 

on the implementation of decentralized control structures and testing them for fast load change disturbances 102 

at a pilot plant for flue gas from a natural gas fueled combined cycle power plant. In this work the tests 103 

were conducted at the amine plant at Technology Centre Mongstad (TCM DA), which is a larger scale pilot 104 

plant than the pilot plants and laboratory set-ups employed for previous transient testing dedicated papers 105 

available in the literature [20, 27, 30]. 106 

The objectives of this work were to evaluate the performance of a demonstration plant to open-loop step-107 

changes in main inputs to the process, and to evaluate the performance of decentralized control structures 108 

applied to a demonstration PCC plant. The tests were conducted at the amine plant at Technology Centre 109 

Mongstad (TCM DA) in Norway during the MEA-3 test campaign [34]. Validated dynamic process models 110 

developed in previous work [35] were employed to carry out the test planning. The tests were conducted at 111 

the plant for disturbances representing fast load changes of the upstream power plant.  112 

2. Chemical absorption pilot plant with amines at Technology Centre 113 

Mongstad 114 

The amine plant at the Technology Centre Mongstad is a flexible plant that can be configured to treat 115 

flue gas with a wide range of CO2 concentrations and with different absorption solvents. That includes flue 116 

gas coming from the residue fluid catalytic cracker (RFCC) of the Statoil refinery placed next to TCM DA 117 

facility with typical CO2 concentration of coal-fired power plants (14 vol% CO2), and flue gas from the 118 

natural gas combined cycle combined heat and power plant (CHP) with a CO2 concentration of around 3.5 119 

vol%. Figure 1 shows a simplified process flow sheet of the plant when it is configured with the CHP 120 

stripper. Details on the amine pilot plant are presented in previous modeling, validation and simulation 121 

work by Montañés et al. [24, 35], and other published works with the amine plant when using aqueous 122 

MEA as chemical solvent [36-38]. The process configuration consists of the simple absorber-desorber 123 

solvent regeneration process with chemical absorption of CO2, and the chemical solvent employed was 124 

30% aqueous MEA. The plant can capture around 80 tonCO2/day for operation with CHP gas conditions 125 

and the flue gas volumetric flow rate capacity is 60 000 Sm3/hr. Here standard S means 1 atm and 15 °C. 126 



 5 

A slipstream of flue gas coming from the natural gas fired CHP plant is conducted by a blower towards 127 

the pilot plant. The blower has variable speed drives that allows manipulating the flue gas volumetric flow 128 

rate to the plant. As shown in Figure 1, a closed-loop controller on FT1 allows to specify the set-point of 129 

the flue gas volumetric flow rate at the inlet of the absorber, by manipulating the speed of the blower at the 130 

inlet of the direct contact cooler (DCC). The blower also provides the pressure required to overcome the 131 

pressure drop induced by the DCC and absorber column. 132 

The flue gas is conducted towards the DCC, where it is cooled down and saturated with a countercurrent 133 

flow of water. The flue gas flows through the absorber column, were it contacts the chemical solvent in the 134 

absorption packing segments of the column. Then it flows towards the two water wash sections that are 135 

operated to control the water balance of the plant and to limit the gas emissions. A water make-up stream 136 

is injected in the water wash system. The packing material in which the chemical solvent meets the flue 137 

gas, and where the heat and mass transfer phenomena related to the exothermic chemical absorption process 138 

occurs, is divided in three sections. The three sections consist of structured stainless steel Koch Glitsch 139 

Flexipack 2X [38]. The packing has a rectangular cross section of 3.55 x 2 m2 with a total of 24 m of 140 

absorber packing (12 m at the bottom, 6 m in the middle and 6 m at the top). The water wash section consists 141 

of two sections of 3 m each, of structured stainless steel Koch Glitsch Flexipack 2Y HC [38]. The depleted 142 

flue gas leaves the process at the top of the column. 143 

The solvent loaded with CO2 (rich solvent), accumulates in the absorber sump. The absorber sump at 144 

TCM DA amine plant also has the function of surge tank, in which the solvent will accumulate at different 145 

operating loads of the plant, and where the water streams of the process (from water wash and stripper 146 

reflux) are recirculated. The rich flow (FT5) is pumped by a variable speed pump, which sends the flow 147 

through the lean/rich integration heat exchanger, where the rich solvent is heated up by the lean solvent 148 

from the stripper bottom. The lean/rich heat exchanger consists of a plate and frame heat exchanger. The 149 

solvent loaded with CO2 flows downwards through the stripper packing material, consisting of 8 m of Koch 150 

Glitsch Flexipack 2X [38] with diameter of 1.3 m, where it meets the stripping vapors of CO2 and H2O 151 

generated in the reboiler. The reboiler consists of a thermosiphon type heat exchanger, where heat is 152 

provided by steam from the refinery. Details on the steam supply system are presented in Faramarzi et al. 153 

[37]. The stripping vapors flow through a water wash section were some more water is removed, and then 154 

through the overhead cooler and condenser where the water condensates. The CO2 rich stream, product CO2 155 

(FT3), is sent to the CO2 stack. The lean solvent accumulates in the stripper sump, and it is pumped towards 156 

the lean/rich heat exchanger and the direct contact cooler by means of the lean solvent pump. The lean 157 

amine cooler allows to control the temperature of the lean solvent at the inlet of the absorber column, by 158 

manipulating the flow of cooling water. 159 
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 160 

Figure 1 Simplified process flow sheet of the amine plant at TCM DA when configured to treat flue gas from the CHP plant. 161 
Figure obtained and modified from [35]. The figure shows transmitters (-T), Controllers (-C) and the location of gas 162 
analyzers (GA), solvent analysis sampling points (SA). Flow transmitters (FT), level transmitters (LT), temperature 163 
transmitters (TT), pressure transmitters (PT). 164 

3. Description and objectives of experiments 165 

3.1.  Process conditions during the tests 166 

The pilot plant was operated under similar process conditions as in the baseline presented in Faramarzi 167 

et al. [37]. This was implemented by setting similar independent parameters, i.e., the process variables that 168 

are available for control for the operators [39]. The initial steady-state process conditions for the control 169 

structures testing period for flue gas at the inlet of the absorber column (refer to GA1 in Figure 1) are 170 

presented in Table 1. Note that the steady-state process conditions presented in this section of the paper 171 

were obtained as averaged values during 25 min of steady-state operation before test 1 on control structures 172 

was initiated (refer to Figure 2 and section 3.2). This differs from the baseline data from [37], which have 173 

been obtained with a larger amount of operating hours and with third party verification of instrumentation 174 

and data. 175 

During the whole test period of open-loop testing (refer to section 3.1) and part of the test period for 176 

control structure testing, flue gas at the inlet of the absorber had a higher CO2 content of around 4.1 vol% 177 

compared to typical values of CO2 content of around 3.7 vol% when running the plant with CHP flue gas. 178 

This was because the CHP power plant located upstream the pilot plant process was fired with a different 179 

fuel during parts of the test period, the fuel consisting of a mixture of natural gas and refinery gas. From a 180 

pilot plant operation perspective, this can be considered as a boundary condition and could not be modified. 181 

That resulted in a lower capture rate (around 74% instead of around 85% [37]) and higher specific reboiler 182 
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duty (SRD), 3.80 kJ/kgCO2 instead of 3.63 kJ/kgCO2 [37] compared to the baseline presented in [37]. 183 

During the test period for tests 1 to 8, the CO2 vol% changed; refer to Figure 2. The CO2 content in flue gas 184 

was around 4.1 vol% until around 29 hours of testing in which it was reduced in a close-to-step manner 185 

towards 3.7 vol%. This corresponded to a disturbance during the test 6 (refer to section 3.3.2). In addition, 186 

the CO2 content was reduced to around 3.6 vol% at around 32.5 hours of testing. This happened during test 187 

7. The effect of these disturbances is discussed in section 4.2.2. The flue gas supply temperature can be 188 

controlled by manipulating the cooling water temperature at the inlet of water stream to the DCC; refer to 189 

Figure 1. For the experiments, the flue gas temperature was controlled to around 30 °C. Note that, during 190 

open-loop testing, the CO2 vol% was close to 4.1 for all the tests A to F; refer to section 3.1. 191 

Process conditions of aqueous MEA solvent during the initial steady-state conditions of test 1 on control 192 

structure testing, are presented in Table 2. Solvent lab samples were collected regularly during the testing 193 

at the inlet of the absorber and at the outlet of absorber (refer to SA1 and SA2 in Figure 1). During the tests, 194 

lean MEA concentration was slightly below 30 wt% MEA. Note that consistent inventory control and a 195 

proper configuration of the regulatory control layer of the plant is required for stable operation of the 196 

process [40]. The solvent flow network is defined by changing the set-point of the rich solvent mass flow 197 

rate, which acts as a throughput manipulator (TPM) of the process. The lean solvent flow rate is manipulated 198 

with a PI controller to control the stripper’s sump level, so it is automatically adjusted when changing the 199 

rich solvent flow rate, while the temperature of the lean solvent at the inlet of the absorber column is 200 

controlled at a value of around 37 °C by a varying stream of cooling water to the amine cooler. Table 3 201 

shows the solvent inventories at different operating conditions of the plant. Figure 3 shows the block 202 

diagram with the different main volumes of equipment at the pilot plant, and the circulation times at each 203 

of these components. The circulation times are calculated considering rich and lean volumetric flows and 204 

solvent inventories at the different components of the pilot plant for three selected operating conditions. 205 

Figure 3 shows the influence of solvent flow rate on the circulation times. At high solvent flow rates (case 206 

1 in Table 3), the resulting circulation times were smaller, with a total circulation time of the pilot plant of 207 

around 41 minutes, while for the case with lowest solvent flow rate (case 3 in Table 3) the total circulation 208 

time was around 71 minutes. This has implications on the transient operation of the plant, since when the 209 

process is operated with lower solvent flow rates, it requires longer times to reach steady-state operating 210 

conditions, according to dynamic process simulation analyses [35]. When the solvent circulation flow rate 211 

is decreased, excess solvent accumulates mainly in the absorber sump, i.e. the absorber sump also has the 212 

function of a surge tank. This can explain the increase in solvent hold up in the absorber sump from Case 1 213 

to Case 3 (see Table 3). Together with the lower solvent flow rate, it results in an increase in circulation 214 

time from around 3 minutes to around 10 minutes in the absorber sump; refer to Figure 3. Note that during 215 

the tests presented in this work, the pilot plant was operated with a relatively low amount of solvent 216 

inventory in the absorber sump, 3.7 m3 to 5.7 m3,compared with other test campaigns (Montañés et al. 217 

reported a total solvent inventory in the absorber sump of 8.1 m3 [35]). 218 
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Figure 2. CO2 content of flue gas at the absorber inlet during the hours of testing for control structures (test 1 to 8). CO2 219 
vol% (wet) measured with the gas chromatograph (GC) installed at TCM DA at point GA1 (refer to Figure 1). 220 

Table 1. Flue gas averaged process conditions at the inlet of the absorber column, refer to GA1 in Figure 1. The process 221 
conditions are the averaged values during 25 min of operation before the first test 1 started, refer to section 3.3.1. 222 

CHP flue gas process conditions Unit Value 

Operating capacity % 100 

CHP flue gas supply rate Fgas Sm3/hr 60 528 

CHP flue gas supply temperature °C 30.0 

CPH flue gas supply pressure barg 0.0485 

CHP flue gas supply CO2 (wet) vol% 4.12 

CHP flue gas supply O2 (wet) vol% 14.09 

CHP flue gas supply water content vol%  4.43 

Depleted flue gas temperature °C 31.1 

 223 

Table 2. Solvent averaged process conditions at different locations of the plant, refer to Figure 1. The process conditions 224 
are the averaged values during 25 min of operation before the first test 1 started, refer to section 3.3.1. Lean loading Ll and 225 
lean MEA concentration cMEA are taken at the SA1 sampling point, while rich loading at SA2 sampling point. 226 

Solvent process conditions Unit  Value 

Lean MEA concentration  wt% 28.7 

Lean CO2 loading mol CO2/mol MEA 0.22 

Lean amine supply flow rate kg/hr 62 283 

Lean amine supply temperature °C 36.8 

Lean amine density kg/m3 1069 

Rich CO2 loading mol CO2/mol MEA 0.53 

Rich solution supply flow rate kg/hr 65 663 

Rich solution supply temperature °C 111.1 

Rich solution density kg/m3 1 120 

Rich solution return temperature °C 32.8 

Lean solution return temperature °C 120.4 

 227 
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 228 

Figure 3. Block diagram of solvent inventory distribution at the amine plant of Technology Centre Mongstad when operated 229 
with CHP flue gas configuration. Circulation times are shown for the plant operated with rich solvent flow rate (Fsolv) of 65 230 
700 kg/hr (Case 1 on 17 July 2017 at 11:30), 52 000 kg/hr (*) (Case 2 on July 23 at 04:00) and 40 000 kg/hr (**) (Case 3 on 231 
17 July at 23:00). The circulation times are calculated considering solvent inventory distribution in Table 3. The circulation 232 
time in each unit of the process is expressed in mm:ss.  233 

Table 3. Solvent inventory distribution at different components of the amine pilot plant at TCM DA during the tests 234 
campaign. The three cases were selected to represent different process conditions with different rich solvent mass flow rate 235 
(Fsolv) of 65 700 kg/hr (Case 1 on 17 July 2017 at 11:30), 52 000 kg/hr (Case 2 on July 23 at 04:00) and 40 000 kg/hr (Case 3 236 
on 17 July at 23:00). Total circulation times are calculated considering the addition of circulation times in Figure 3, for each 237 
case. 238 

Solvent flow rates Case 1 Case 2 Case 3 
 

Rich solvent mass flow rate [kg/h] 65 630 52 025 40 042 
 

Rich solvent volumetric flow rate 

[m3/hr] 58.7 46.4 35.7 

 

Lean solvent mass flow rate 
[kg/hr] 62 286 49 074 37 487 

 

Lean solvent volumetric flow rate 

[m3/hr] 58.0 45.8 33.9 

 

Pilot plant component  Solvent inventory Case 1 [m3] Solvent inventory Case 2 [m3] Solvent inventory Case 3 [m3] 
 

Absorber sump 3.67 4.87 5.67 
 

Absorber packing 9.09 8.15 7.36 
 

CHP stripper packing 1.07 0.94 0.85 
 

CHP stripper sump 2.35 2.28 2.29 
 

CHP reboiler 0.42 0.42 0.42 
 

Carbon filter 6.1 6.1 6.1 
 

Aold rich solvent pipe 2.22 2.22 2.22 
 

Aold lean solvent pipes 5.21 5.21 5.21 
 

Hot rich solvent pipe 1.13 1.13 1.13 
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Hot lean solvent pipes  

(including reboiler pipes) 8.2 8.2 8.2 

 

Lean/rich hx - lean side 0.485 0.485 0.485 
 

Lean/rich hx - rich side 0.485 0.485 0.485 
 

Lean amine cooler 0.29 0.29 0.29 
 

TOTAL inventory 40.7 40.7 40.8 
 

Total circulation time [min] 41.4 54.6 71.4 
 

 239 

The process operating conditions at the desorber-reboiler section of the process during test 1 on control 240 

structures are presented in Table 4. The steam flow rate is changed at the plant by manipulating the set-241 

point of the steam pressure, which can be as well set on stripper sump temperature control; refer to section 242 

3.3. The stripper overhead pressure is controlled by the product CO2 valve to a set-point of around 1.9 bar. 243 

The actual reboiler duty is calculated considering the steam and condensate process conditions (pressures, 244 

temperatures and mass flow rate) as presented in literature [35, 39]. 245 

Table 4. Process conditions at the desorber and reboiler sections of the TCM DA amine plant during initial steady-state 246 
operating conditions of test 1 (refer to section 3.3.1). 247 

Desorber process conditions Unit Value 

Reboiler steam flow rate kg/hr 6 012 

Reboiler steam temperature °C 164.6 

Reboiler steam pressure barg 2.90 

Stripper overhead pressure barg 0.90 

Stripper overhead temperature °C 98.5 

Reboiler solution temperature °C 124.0 

Reboiler duty kW 3 737 

Specific reboiler duty GJ/ton CO2 3.80 

Product CO2 flow rate kg/hr 3 593 

Product CO2 discharge temperature °C 12.9 

Product CO2 water content vol% 0.98 

 248 

3.2. Tests on open-loop performance 249 

The purpose of the open-loop dynamic tests was to investigate the transient performance of the PCC pilot 250 

plant by implementing open-loop step-changes. The analysis aims to assess transient response of the plant 251 

to multiple and non-simultaneous step-changes in key inputs/disturbances to the plant, namely (i) flue gas 252 

flow rate, and (ii) solvent flow rate. This was done for different flue gas capacities of the PCC plant, 253 

corresponding to different loads of the power plant. In addition, the data generated can be utilized for 254 

dynamic process model validation. The objectives were to: 255 

 Investigate the transient response of the plant when reducing flue gas flow rate (step-change) and 256 

when increasing flue gas flow rate (step-change). 257 

 Investigate the transient performance of the plant for changes in solvent flow rate, at different 258 

plant flue gas flow rate capacities (different loads of the plant). 259 
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The tests were conducted at TCM DA during a total of 48 hours of testing. Table 5 shows the main inputs 260 

to the plant during the tests, in terms of steam flow rate (Fsteam), rich solvent flow rate (Fsolv) and flue gas 261 

flow rate (Fgas). A step-change is applied and then enough time (8 hours) is allowed for the process to 262 

stabilize, when the next step is applied. 263 

Table 5. Test matrix for open-loop tests during the MEA3 test campaign. The values for the main inputs to the process are 264 
shown: flue gas volumetric flow rate (Fgas), rich solvent flow rate (Fsolv), steam flow rate (Fsteam). The cell highlighted in grey 265 
color shows the main change from the previous test. The tests begun at 13:00 on 21 July 2017 and finalized on 23 July 2017 266 
at 13:00. 267 

Test Fgas [Sm3/hr] Fsolv [kg/hr] Fsteam [kg/hr] 

Initial conditions 60 000 65 700 5 400 

A (0 to 8 hr) 47 000 65 700 5 400 

B (8 to 16 hr) 47 000 52 000 5 100 (Oscillations) 

C (16 to 24 hr) 47 000 65 700 5 400 

D (24 to 32 hr) 60 000 65 700 5 400 

E (32 to 40 hr) 60 000 52 000 5 100 

F (40 to 48 hr) 60 000 65 700 5 400 

 268 

3.3.  Tests on decentralized control structures 269 

The objective of the tests on decentralized control structures was to get experience with the operation and 270 

control of the process during transient events of fast load changes, and to observe the capability of the 271 

system to reject disturbances in terms of fast load changes of the upstream power plant. Two decentralized 272 

control structures were implemented, considering as main degrees of freedom for operation (manipulable 273 

variables), the rich solvent mass flow rate (Fsolv) and the steam flow rate to the reboiler (Fsteam). 274 

For significant load changes in a combined gas and steam turbine cycle power plant, the load change is 275 

driven by gas turbine (GT) load reduction or increase. The gas turbine load is changed, and this normally 276 

implies a significant change of the exhaust mass flow rate sent to the heat recovery steam generator. Then, 277 

the steam cycle is automatized to follow this change in load and steam production and reach the new steady-278 

state operating conditions [14, 41]. When the power plant is integrated with CCS, the load change represents 279 

a disturbance to the PCC unit in terms of flue gas mass flow rate, composition and temperature, and the 280 

available steam from the power plant. Two key aspects are required to define a load change in a combined 281 

cycle power plant, one is the minimum operating GT load of the system, and the other is the rate of change 282 

of load, the so called ramp rate.  283 

The flue gas flow rate at minimum operating load and at different loads of the integrated system will 284 

depend on the GT technology and specific GT burner with controls, and the resulting exhaust gas 285 

characteristics. Simulation work by Jordal et al. [42] have reported that for a three-pressure reheat (3PRH) 286 
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configuration with PCC, the flue gas flow rate at minimum load of 40% GT load with a GE 9371FB GT 287 

(47.3 % combined cycle load with PCC), the flue gas flow rate is 64.5 % of the total flow rate at design 288 

point of 100% GT load. Rezazadeh et al. [43] sets the limit to 60% on minimum GT load for the integrated 289 

3PRH combined cycle with PCC. The reasons are that at lower loads, the impacts on cost of electricity of 290 

the fuel price are more pronounced and that the stable and efficient operation of the main compressors of 291 

the system require a minimum flow of 70-75% of flue gas flow rate. In their study, 60% GT load for the 292 

General Electric 7 Frame (GE 7F.05) (69.4% combined cycle load with PCC) corresponds to 75.2 % flue 293 

gas flow rate with respect to the design point at 100% GT load [43]. Off-design simulations with the models 294 

presented by Montañés et al. [14] show that at 60% GT load with the Mitsubishi 701 JAC (66.48 % 295 

combined cycle with PCC load), the flue gas flow rate is 73.6% of design load. At 40% GT load, the flue 296 

gas mass flow rate is 61.9% of design load. In order to cover the full operating window presented in 297 

literature, it was decided in this work to define the minimum load of the PCC unit as 60% of flue gas 298 

volumetric flow rate (Fgas) in the absorber column (36 000 Sm3/hr). 299 

The ramp rate is the rate at which a power generator can change load. In general, faster ramp rates are 300 

the objectives of thermal power plant operators. A power unit that can ramp fast will be capable of following 301 

the variability in electricity prices in liberalized power markets, and save fuel costs [44]. However, 302 

excessively aggressive ramp rates will incur in lifetime reduction of components of the plant due to related 303 

thermal stresses [45, 46]. Load change ramp rates for natural gas combined cycle power plants are around 304 

2-10%/min [46, 47]. In this work, it was decided to change the flue gas volumetric flow rate fed to the 305 

absorber column at TCM DA with a ramp rate of 10%/min. This can be considered a fast ramp rate for a 306 

combined cycle, since that would correspond to 13-14 %/min combined cycle load change or around 15-16 307 

%/min GT load change, considering the steady-state off-design simulation results in Jordal et al. [42]. 308 

3.3.1. Tests with control structure with L/G control 309 

The test matrix for tests 1 to 4 is presented in Table 6. For the four tests, rich solvent flow rate (Fsolv) is 310 

manipulated manually to keep the liquid to gas ratio L/G in the absorber column to a value of around 1.04 311 

kg/Sm3. This was implemented at the pilot plant by changing the set-point of the rich pump flow rate 312 

controller (FT5 in Figure 1). The set-point of Fsolv was changed with the same rate as the flue gas volumetric 313 

flow rate (Fgas) was changed. For a given test, the new set-point was defined to obtain a similar L/G ratio 314 

under initial and final steady-state operating conditions of the PCC pilot plant. In addition, steam flow rate 315 

is manipulated via a feedback control loop to control the stripper bottom liquid temperature (Tstr), measured 316 

at the desorber sump. 317 

Tests 1 and 3 represent a load decrease of the power plant resulting in flue gas volumetric flow changes 318 

from 100% to 80% and from 100% to 60%, respectively. The same rate of change was applied for solvent 319 

flow rate (Fsolv) set-point. The objective was to test the influence of the magnitude of the disturbance on the 320 

capability of the control structure to reject the disturbance. Tests 2 and 4 represent load increase from the 321 

power plant, implemented by increasing the flue gas volumetric flow rate from 80% to 100% (test 2) and 322 

from 60% to 100% (test 4). In the four tests presented in Table 6, the flue gas volumetric flow rate was 323 

changed with a ramp rate of 10%/min. 324 
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Table 6. Test matrix for test 1 to 4 on load changes to test the performance of L/G ratio controller for fast cycling 325 
capabilities. Feed forwards (FF). 326 

Test Description Active Controllers Manual changes 

1 Load reduction with L/G FF control Tstr at 120.9 °C Fgas from 100% to 80% with ramp rate of 10%/min. 

Frich from 65 000 to 52 000 kg/hr with set-point change in 

120 sec, and resulting rise time of 5.5 min. 

2 Load increase with L/G FF control Tstr at 120.9 °C Fgas from 80% to 100% with ramp rate of 10%/min. 

Frich from 52 000 to 65 000 kg/hr with set-point change in 
120 sec, and resulting rise time of 3.5 min. 

3 Load reduction with L/G FF control Tstr at 120.9 °C Fgas from 100% to 60% with ramp rate of 10%/min. 

Frich from 65000 to 40 000 kg/hr with set-point change in 

120 sec, and resulting rise time of 5.5 min. 

4 Load increase with L/G FF control Tstr at 120.9 °C Fgas from 60% to 100% with ramp rate of 10%/min. 

Frich from 40 000 to 65 000 kg/hr with set-point change in 

120 sec, and resulting rise time of 5 min. 

 327 

3.3.2. Tests with control structure with CO2 capture rate control 328 

Tests 5 to 8 were designed to test control structures with CO2 capture rate being controlled. Controlling 329 

CO2 capture rate has been found to be a suitable controlled variable to bring the process close to optimal 330 

operating conditions under the presence of disturbances [48]. Among the different methods to calculate 331 

capture rate at the amine plant at TCM DA presented by Faramarzi et al. [37], method 1 was selected. In 332 

method 1, CO2 capture rate is calculated based on CO2 product flow rate (Fprod) (refer to FT3 in Figure 1) 333 

and the CO2 supply at the inlet of the absorber column. The CO2 capture (CapA) is defined in Equation (1), 334 

where 𝑚̇𝑔𝑎𝑠 is the mass flow rate of flue gas at the inlet of the absorber column and 𝑥𝐶𝑂2
 is the mass fraction 335 

of CO2 in the flue gas at the inlet of absorber column. In addition, CO2 capture rate has been defined 336 

considering gas measurements in the absorber column (CapB), refer to method 3 in Faramarzi et al. [37] for 337 

details on instrumentation and calculation. It is calculated considering the CO2 absorbed in the absorber 338 

column, as expressed in Equation (2), where 𝑚̇𝑑𝑒𝑝 is the mass flow rate of depleted flue gas and 𝑥𝐶𝑂2,𝑜𝑢𝑡 339 

is the mass fraction of CO2 in the gas leaving the absorber. Note that CapA was utilized as controlled variable 340 

during tests 5 to 8, while CapB was used for observation and comparison only during all tests on control 341 

structures. 342 

𝐶𝑎𝑝𝐴 =
𝐶𝑂2 (𝐷𝑒𝑠𝑜𝑟𝑏𝑒𝑑)

𝐶𝑂2(𝑆𝑢𝑝𝑝𝑙𝑦)
=

𝐶𝑂2 (𝑃𝑟𝑜𝑑𝑢𝑐𝑡)

𝐶𝑂2(𝑆𝑢𝑝𝑝𝑙𝑦)
=

𝐹𝑃𝑟𝑜𝑑

𝑚̇𝑔𝑎𝑠 ∙ 𝑥𝐶𝑂2

 (1) 

𝐶𝑎𝑝𝐵 =
𝐶𝑂2 (𝑎𝑏𝑠𝑜𝑟𝑏𝑒𝑑)

𝐶𝑂2(𝑆𝑢𝑝𝑝𝑙𝑦)
=

𝐶𝑂2 (𝑠𝑢𝑝𝑝𝑙𝑦) − 𝐶𝑂2(𝑑𝑒𝑝𝑙𝑒𝑡𝑒𝑑)

𝐶𝑂2(𝑆𝑢𝑝𝑝𝑙𝑦)
=

𝑚̇𝑔𝑎𝑠 ∙ 𝑥𝐶𝑂2
− 𝑚̇𝑑𝑒𝑝 ∙ 𝑥𝐶𝑂2,𝑜𝑢𝑡

𝑚̇𝑔𝑎𝑠 ∙ 𝑥𝐶𝑂2

 
(2) 
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For tests 5 to 8 CapA was controlled by manipulating the set-point of the rich mass flow rate (Fsolv) cascade 343 

controller (refer to FT5 in Figure 1). During the MEA3 campaign there was no time for fine tuning this 344 

controller. Therefore, a validated dynamic process model of the process was utilized for preliminary tuning 345 

of the controller [35]. The simple internal model control (SIMC) tuning rules [49] were employed to tune 346 

the master controller. For this cascade controller, the slave controller manipulates the pump speed to control 347 

the rich solvent mass flow rate, while the master controller manipulates the set point of the rich solvent 348 

flow rate controller to control CapA. 349 

Firstly, open-loop testing responses to set-point change in solvent flow rate at the pilot plant were 350 

analyzed, and a closed-loop time constant of 3-5 min in the actual response of measured solvent flow (Fsolv) 351 

to the set-point changes was observed. This is the closed-loop time constant of the slave controller in this 352 

cascade (inner). Normally, it is desired to have a good time scale separation in terms of closed-loop time 353 

constant between slave and master, a rule of thumb is a larger value by a factor of at least 5 [50]. Therefore, 354 

it was decided to start with a value of 𝜏𝑐 of 25 min. Simulations were conducted with the validated dynamic 355 

process models to tune the master controller with SIMC rules. The resulting values are a proportional gain 356 

Kc of 0.14 and an integral time KI of 8 min. These are considered conservative for the controller tuning. 357 

The test matrix for tests 5 to 8 is shown in Table 7. The tests consisted of volumetric flue gas flow rate 358 

(Fgas) decrease from 100% to 80% (tests 5 and 7) and increase from 80% to 100% (tests 6 and 8). For tests 359 

5 and 6 the stripper bottom temperature (Tstr) controller was also active. For tests 7 and 8, the steam sent to 360 

the reboiler was changed with a ramp set-point change. CapA was controlled by manipulating rich solvent 361 

mass flow rate in all tests with the closed feedback control loop. 362 

 363 

Table 7. Test matrix for test 5 to 8 on load changes to test the performance of CapA ratio controller for fast cycling 364 
capabilities. 365 

Test Description Active Controllers Manual changes 

5 Load reduction with CapA control Tstr at 120.9 °C Fgas from 100% to 80% with ramp rate of 10%/min. 

CapA at 74% 

6 Load increase with CapA control Tstr at 120.9 °C Fgas from 80% to 100% with ramp rate of 10%/min. 

CapA at 74% 

7 Load reduction with CapA  control CapA at 74% Fgas from 100% to 80% with ramp rate of 10%/min. 

Fsteam from 5 330 to 3 900 kg/hr in 40 min. 

8 Load increase with CapA control CapA at 74% Fgas from 80% to 100% with ramp rate of 10%/min. 

Fsteam from 3 900 to 5 330 kg/hr in 40 min. 

 366 

 367 
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4. Results 368 

4.1.  Open-loop step responses 369 

The results from open-loop testing experiments described in section 2.2 and Table 5 are shown and 370 

discussed in this section. In the figures shown the tests are separated by vertical lines, with a period of 8 h 371 

between experiments. The vertical lines indicate the time at which a step-change in a set-point is applied 372 

for a given test. Figure 4 shows the main inputs to the process for the six open-loop tests applied to the 373 

process, from A to F in Table 5. The inputs shown are flue gas volumetric flow rate (Fgas), solvent mass 374 

flow rate (Fsolv), steam mass flow rate (Fsteam) and the calculated actual reboiler duty (𝑄̇𝑟𝑒𝑏). Figure 5 shows 375 

the transient response for tests A to F of capture rates CapA and CapB, refer to equations (1) and (2) 376 

respectively, and CO2 absorbed and CO2 desorbed. Note that for tests C and F, a spike in CapB is observed 377 

at around 05:50, due to a failure in the measurement of CO2 vol% in the depleted flue gas. Figure 6 shows 378 

the transient response of various temperatures in the absorber column, while Figure 7 shows the response 379 

of various temperatures in the desorber column and the reboiler. Figure 8 shows the response of lean and 380 

rich amine density at measured at locations SA1 and SA2 in Figure 1, and the lean and rich loading from 381 

lab samples taken during the open-loop tests.  382 

In test A, flue gas flow rate set-point was reduced from around 60 000 Sm3/hr to around 47 000 Sm3/hr, 383 

while the rest of plant inputs were kept approximately constant; refer to Figure 4. This corresponds with a 384 

flue gas capacity of 100% to around 78%. The rise time on flue gas flow volumetric flow rate was around 385 

16 min. So even if the set-point is changed in a step manner, it results in a second order response of measured 386 

flue gas volumetric flow rate, due to the integral action of the PI cascade controller; refer to FT1 in Figure 387 

1. When reducing flue gas flow rate, the L/G ratio in the absorber column increased (from 1.04 kg/Sm3 to 388 

1.33 kg/Sm3). This increased the capture rate of the process from around 68% to 86%; refer to test A in 389 

Figure 5. However, the CO2 input into the plant was also reduced from around 4 670 kg/hr to around 3 600 390 

kg/hr (not shown) as a result of decreasing flue gas flow rate. The combination of reduced CO2 mass flow 391 

rate fed into the process with increased L/G ratio in the absorber column lead to similar absorption rate in 392 

the absorber column and desorption rate in stripper columns during initial and final steady-state conditions. 393 

In addition, the capture rate defined with the product flow rate CapA was more sensitive to changes in flue 394 

gas flow rate than the capture rate defined with the absorbed CO2 or CapB. CapA peaked at around 13:25 395 

with a value of 0.93 while CapB peaked at a value of around 0.88 at 13:32. This was because the stripper 396 

conditions were not significantly affected by the change in flue gas flow rate. The reduction in flue gas flow 397 

rate resulted in a shift in temperature profile in the absorber column, which resulted in higher temperature 398 

values; refer to temperatures Ta1, Ta2 and Ta3 in Figure 6 during test A. This is because a similar amount of 399 

CO2 being absorbed leads to a similar amount of exothermal absorption heat being released, which is 400 

transferred to a lower volumetric flow of gas within the absorber column. The rise time of the transient 401 

response of Ta3 was around 33 minutes, which was 17 minutes larger than the rise time on flue gas 402 

volumetric flow change of 16 minutes. This shows the effects of thermal and chemical inertia of the process 403 

to reach the new steady-state conditions of the temperature profiles in the absorber column when the flue 404 

gas flow rate is changed. The stripper temperature remained with similar values at initial and final steady-405 

state conditions; refer to Figure 7. This suggests that a significant change in flue gas flow rate does affect 406 

the absorber temperature profiles while the stripper temperature profiles are not so sensitive to changes in 407 

flue gas flow rate, when the rest of process inputs are kept constant. The lean and rich amine density is kept 408 
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fairly constant as well during test A (refer to Figure 8) which is an indicator that there were not significant 409 

variations in CO2 loadings for the change in flue gas flow rate. Considering the transient trajectories of 410 

CapA and CapB and 10% settling time, the process stabilized after approximately 45 min. 411 

 

Figure 4. Open-loop tests during the MEA3 campaign. The test duration was 48 hours and was conducted between 12:00 412 
on July 21 to 12:00 on July 23. The vertical lines indicate the time at which the set-point in flue gas flow rate (Fgas) or solvent 413 
flow rate (Fsolv) was changed, and indicates the beginning of the tests from A to F; refer to Table 5. The steam flow rate 414 
(Fsteam) and calculated actual reboiler duty (𝑸̇𝒓𝒆𝒃) are also shown. 415 

Test B was designed to obtain the response of the process to a reduction of rich solvent flow rate set-416 

point. For tests B and E in which rich solvent flow rate was reduced, there were oscillations of the measured 417 

lean solvent flow rate around the final steady-state point; refer to Figure 4. This is related to flashing in the 418 

lean/rich heat exchanger that leads to oscillations in solvent flow at the inlet of the stripper. In section 4.2, 419 

it is explained how this effect was solved for the closed-loop tests. In test B, the rich solvent mass flow rate 420 

(Fsolv) set-point was changed from 65 700 kg/hr to 52 000 kg/hr at the beginning of test B, which 421 

corresponds with a 20% reduction of solvent flow rate. The fall time on measured Fsolv is around 4 min, 422 

while for the lean solvent flow rate is around 6 min (despite of the oscillation found due to flashing). This 423 

shows that the solvent flow rate network responds generally faster than the rest of the process variables, 424 

and that changes in rich solvent flow rate are followed tightly by the lean solvent flow rate. However, from 425 

a control perspective, it would be desired to have an even faster response of measured rich solvent flow rate 426 

to changes in rich solvent flow rate set-point, for tighter control of process variables under load changes of 427 

the process. In addition, during test B some changes in steam flow rate were implemented (refer to Figure 428 

4), which resulted in changes in reboiler duty during the test period. However, these unintended 429 

disturbances in reboiler duty applied to the process allowed us to add a discussion on the effects of changes 430 

in reboiler duty on the response of the system process variables. Figure 5 shows the response of CO2 capture 431 

rates to the input changes in test B. It can be observed that CO2 capture rates and CO2 absorption and 432 

desorption rates were very sensitive to changes in reboiler duty. CO2 desorption rate trajectory (and CapA) 433 

followed tightly the input trajectory in steam flow rate during test B, and CO2 absorption (and CapB) 434 

followed with a larger delay. For example, steam flow rate (Fsteam) peaked at time 02:01 during test B, while 435 

CO2 desorption peaked 5 min later at 02:06 and CO2 absorption peaked after 22 minutes at 02:23. This 436 
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shows two effects. One is that the performance of process variables in the stripper column respond fast to 437 

changes in reboiler duty, as it is also shown by the peak in Ts3 at 2:04, i.e. 3 minutes later than steam flow 438 

rate; refer to Figure 7. The other is the effect of the circulation times through the recycle loop of chemical 439 

solvent on the response of the absorber column to changes in reboiler duty. The response of CO2 absorbed 440 

(and CapB) shows a peak with a delay of around 22 minutes, with respect to the steam flow rate (Fsteam) in 441 

the reboiler. As was shown in Figure 3 and Table 3 case 2, the solvent circulation time from stripper sump 442 

to absorber inlet is around 18.5 min, similar to the delay in CO2 absorbed with respect to Fsteam. When 443 

increasing steam flow rate the lean loading of the chemical solvent will be reduced. This increases the 444 

capacity of the solvent to absorb CO2, and the driving force for CO2 absorption at the top of the absorption 445 

column. However, the solvent has to circulate through the recycle loop, and the resulting circulation time 446 

from stripper sump outlet to absorber column inlet results in a delay in the CO2 absorbed and CapB, and 447 

also on the absorber column temperature profiles; refer to Figure 6. In addition, it can be seen that CapA is 448 

more sensitive to changes in reboiler duty (peak at a value of 0.866) than CapB (peak at a value of 0.827). 449 

The reduction lean amine density observed in Figure 8 are good indicator of the fluctuations in lean loading 450 

above described, following the fluctuations in steam mass flow rate and resulting reboiler duty during test 451 

B.  452 

Test C shows the response of the process to changes in rich solvent flow rate (Fsolv) from 52 000 kg/hr to 453 

65 700 kg/hr. In this case the rest of process inputs (flue gas flow rate and steam flow rate) were kept 454 

reasonably constant during the test. In this case the rise time for Fsolv was 2 min while for lean solvent flow 455 

rate was around 6 min. An inverse response was observed in CO2 absorbed CapB trajectory to change in 456 

Fsolv. When lean solvent flow rate was increased, this resulted in an increase of the L/G ratio in the absorber 457 

column, in this case from 1.043 kg/Sm3 to 1.325 kg/Sm3. Initially, this resulted in an increase of the 458 

absorption rate of CO2 in the absorber column, as can be seen in the trajectory of CapB and CO2 absorbed 459 

in Figure 5. However, after a while the CO2 absorbed decreased. The peak of CO2 absorbed was reached at 460 

around 05:22 in test C, around 22 minutes after the set-point change in solvent flow rate was implemented. 461 

The change in the trend can be explained by that when solvent flow rate is increased (while keeping constant 462 

reboiler duty), the lean loading tends to increase. This was also observed by the decrease in reboiler solvent 463 

temperature which is considered a good indicator of solvent lean loading; refer to Figure 7. However, this 464 

change in lean loading does not reach the inlet of the absorber column until a delayed time due to the 465 

circulation times from stripper sump outlet to absorber inlet (in this case around 14 min with the solvent 466 

flow rate of Case 1 in Figure 3 and Table 3). In addition, the rise time required for the response in lean flow 467 

rate of around 6 min adds to a total delay of around 20 min in the recycle loop. Once the increase in solvent 468 

lean loading reaches the absorber column the CapB and CO2 absorbed tends to decrease. In general, it can 469 

be said that the CapA (and CO2 desorbed) reaches stabilization with a smoother trajectory (without 470 

significant inverse response). Note that CapB peaked at a value of 0.941 and CapA peaked at a value of 471 

0.890. The inverse response is also shown in the transient response of the absorber temperature profile, 472 

refer to Ta2 and Ta3 in test C of Figure 6. However, the peak in temperature Ta3 in the absorber column 473 

happened after around 33 min, which is a longer delay than capture rate. This could be due to the effects of 474 

thermal inertia in the absorber column. For solvent flow rate increase it can be observed that the stripper 475 

temperature profile was displaced towards relatively lower temperature values; refer to Figure 7 test C. This 476 

can explain the higher resulting desorption ratio in the stripper column. In addition, the response of stripper 477 

temperature profiles is faster (rise time of Ts1 of around 4 min) than for absorber temperature profiles. The 478 

inverse response observed in test C was also observed in tests B (initial part of the test until around 22.30), 479 
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test E and test F. Analog explanations to test C could be written for the output trajectories observed in tests 480 

B, E and F for absorber temperature profiles, CO2 absorbed and CapB. For all the tests with solvent flow 481 

rate change (B, C, E and F), the observed response of CO2 desorbed and CapA was smother (without 482 

significant inverse response and with relatively larger peaking values) and faster (took less time to stabilize) 483 

than CO2 absorbed and CapB, respectively. In addition, the stripper temperature profiles seem to stabilize 484 

faster than absorber temperature profiles for set-point step changes in solvent flow rate. The process 485 

stabilized after around 45 min for test C. 486 

In test D, flue gas volumetric flow rate was increased from 47 000 Sm3/hr to 60 000 Sm3/hr, which 487 

corresponds with 78% to 100% flue gas volumetric flow rate capacity in the absorber column, respectively. 488 

The rise time for measured flue gas flow rate was 8 minutes; refer to Figure 4. During test D the rich and 489 

lean solvent flow rates remain constant, while small fluctuations were observed in steam flow rate to the 490 

reboiler and calculated reboiler duty. The capture rate changed significantly from around 86% to around 491 

68%. In this case the trajectory of capture rate followed quite well the variation of flue gas volumetric flow 492 

rate, since the CO2 mass flow rate fed to the absorber column is included in the calculation of capture rates 493 

(refer to Equations (1) and (2)). In addition, the change in flue gas flow rate does not significantly change 494 

the amount of CO2 being absorbed at initial and final steady-state conditions, as observed in test A. As in 495 

test A, a significant change in volumetric flow rate had an impact on absorber temperature profiles, with a 496 

change in Ta3 from around 47 °C to around 39 °C. In this case the response of Ta3 to the change in flue gas 497 

flow rate had a time constant of 17 min and a rise time of around 34 min. This shows again the effects of 498 

thermal inertia of the process of heat and mass transfer in the absorber column to changes in flue gas 499 

volumetric flow rate. The stripper temperature profile remained constant during the tests A and D of step-500 

change in flue gas flow rate, as shown in Figure 7. The transient trajectories of CapA and CapB stabilized 501 

after approximately 55 min.  502 

 

Figure 5. Transient response of capture rate CapA and CapB calculated as presented in equations (1) and (2), respectively. 503 
The open loop tests are shown for 48 hours of testing from July 21 to July 23. The vertical lines correspond to the time at 504 
which the set-point changes are applied for tests A to F as presented in Table 5. 505 
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Figure 6. Transient response of absorber temperatures: Ta1, Ta2, Ta3, Ta4 and Ta5 and Ta6 are temperatures at the inlet of 

the column, in between the different packing segments from bottom to top; refer to Figure 1. Tfg is the flue gas temperature 

at the inlet of the absorber column. The open-loop tests are shown for 48 hours of testing from July 21 to July 23. The 

vertical lines correspond to the time at which the set-point changes are applied for tests A to F as presented in Table 5.

 

Figure 7. Transient response of stripper temperatures: Ts1, Ts2 and Ts3 are averaged stripper packed temperatures at the 

packing bottom, middle and top, respectively. Tstr is the liquid temperature at stripper sump, Treb is the reboiler solution 

temperature and Tstop is the stripper temperature at the top of the packing and Tr,in is the rich solvent temperature at the 

inlet of the stripper column. The open-loop tests are shown for 48 hours of testing from July 21 to July 23. The vertical 

lines correspond to the time at which the set-point changes are applied for tests A to F as presented in Table 5. 
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Figure 8. Transient response of lean and rich solvent densities; and values of lean and rich loading samples taken before 

the beginning of each test. The open-loop tests are for 48 hours of testing from July 21 to July 23. The vertical lines 

correspond to the time at which the set-point changes are applied for tests A to F as presented in Table 5. 

4.2.  Decentralized control structures 506 

4.2.1. Control of liquid to gas ratio (L/G) and stripper bottom temperature (Tstr) 507 

In this section, the results from the tests on fast load change with L/G ratio control are presented, refer to 508 

Table 6 in Section 2.3.1. In the figures included in this section, the vertical dotted line indicates the time at 509 

which the tests begin with the change in flue gas flow rate. Note that test 2 was stopped after 95 minutes, 510 

since it was considered that stabilization of process variables was achieved. Figure 9 shows the trajectories 511 

of volumetric flue gas flow rate (Fgas), rich solvent mass flow rate (Fsolv), steam mass flow rate (Fsteam) to 512 

the reboiler, the resulting L/G ratio in the absorber column, and the backpressure of the rich amine solvent 513 

pump. Figure 10 shows the trajectories for capture rates CapA and CapB, while Figure 11 shows the 514 

trajectories of stripper bottom temperature (Tstr), CO2 desorbed and CO2 absorbed. In addition, Table 8 515 

shows the resulting total stabilization times for CO2 absorbed and CO2 desorbed trajectories for tests 1 to 516 

4. Here total stabilization times are calculated considering 10% settling times. 517 

Figure 9a shows the trajectories of flue gas flow rate disturbances applied to the pilot plant for tests 1 to 518 

4. In this case the operators changed directly the fan speed in order to achieve the desired ramp trajectory, 519 

instead of changing the flue gas flow rate controller Fgas set-point. This avoided the oscillatory behavior of 520 

the flue gas volumetric flow rate trajectory presented in test A, section 3.1. Figure 9b shows the trajectory 521 

of rich solvent flow rate. The set-point was changed with a ramp rate of 10%/min, and the resulting rise 522 

times vary from 3.5 to 5.5 min, refer to Table 6. In test A, marginally stable oscillations around the final 523 

set-point of 52 000 kg/hr were observed in the trajectory of rich solvent flow rate, from time 5 min to time 524 

130 min. This was due to flashing of rich solvent. In Figure 9e oscillations of rich pump backpressure 525 

during test 1 are shown. To solve this problem, the operator increased the backpressure of the rich pump 526 

by throttling a valve located in the hot side of the rich piping between lean/rich heat exchanger and stripper 527 

column; refer to rich pump backpressure in test 1 from 130 min to 170 min in Figure 9e. In following tests 528 
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2, 3 and 4 the operator manipulated this valve opening in order to avoid flashing and the consequent 529 

oscillation in the rich flow rate (and lean solvent flow rate); refer to Figure 9. 530 

Table 8. Total stabilization times [min] for CO2 desorbed and CO2 absorbed trajectories for tests 1-8. The trajectories were 531 
calculated considering the 10% settling time, and for disturbances in flue gas volumetric flow rate.  532 

Stabilization times [min] Test 1 Test 2 Test 3 Test 4 Test 5 Test 6 Test 7 Test 8 

CO2 Desorbed 45 26 - 41 - 41 48 48 

CO2 Absorbed 53 37 - 63 - 49 68 107 

 533 

Test 1 consisted of a reduction of flue gas flow rate from 60 000 Sm3/hr to 47 000 Sm3/hr, and the solvent 534 

flow rate was reduced to keep L/G ratio to a value of around 1.04 kg/Sm3. Due to the solvent flashing 535 

phenomena, the L/G ratio in the absorber column oscillated around the final steady-state value; refer to 536 

Figure 9d. This lead to small amplitude oscillations around the final steady-state for all the process variables 537 

shown in Figure 10 and Figure 11, and it can be considered that the process achieved conditions of marginal 538 

stability. Considering the averaged value of CO2 absorbed and CO2 desorbed once the marginal stability 539 

was achieved, the total stabilization time was longer for CO2 absorbed (53 min) than for CO2 desorbed (45 540 

min); refer to Table 8. In addition, it seems that CapA reaches stabilization faster than CapB. However, the 541 

trajectory of CapA was more sensitive to the disturbance and peaked at a value of 1.05 at time 5 min (see 542 

Figure 10a), while CapB peaked at a value of 0.90 at 8.5 min; refer to Figure 10b. A capture rate value of 543 

CapA higher than 1 means that there is more CO2 being desorbed than what is being fed to the process, 544 

during the transient conditions. This high peak can be explained by the dead time observed on steam flow 545 

rate in Figure 9c (around 5 min), due to the fact that there is a dead time of around 3 min for a significant 546 

change to be observed in the stripper bottom temperature (Tstr). Once the stripper bottom temperature began 547 

to increase due to the lower amount of solvent being sent to the stripper, the Tstr controllers reduced the 548 

solvent flow rate sent to the reboiler. The temperature controller kept the Tstr close to the desired set point 549 

of 120.9 °C without excessive variations (<1 °C). Despite of the marginal stable behavior due to solvent 550 

flashing, the process can reject the disturbance and it reached stabilization within 55 min. 551 

Test 2 was a test for fast load change with a flue gas flow rate increase from 47 000 Sm3/hr to 60 000 552 

Sm3/hr; refer to Table 6. In addition, L/G ratio was kept constant to a value of around 1.04 kg/Sm3 by a 553 

ramp up of rich solvent flow rate; refer to Figure 9b. As for the case on load reduction (test 1), it took longer 554 

for the trajectory of CO2 absorbed to stabilize (37 min) than CO2 desorbed (26 min); refer to Table 8. CapA 555 

was again more sensitive to the disturbance with a peak down at value of 0.56 at time 2.5 min (refer to 556 

Figure 10a), while CapB peaked down at 0.65 at time 3 min. In addition, the temperature of the stripper is 557 

controlled to 120.9 °C without excessive excursions (<1.2 °C). The process can reject the disturbance of 558 

flue gas flow rate change and can bring the process towards stable desired steady-state conditions within 559 

37 min. This was significantly faster than for load reduction in test 1, that took 55 min (refer to Table 8). 560 

This suggests that it can be faster to reach stabilization and to reject disturbances when ramping up the 561 

volumetric flow rate than when ramping it down. 562 
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Test 3 consisted of a reduction of flue gas volumetric flow rate from 60 000 Sm3/hr to 36 000 563 

Sm3/hr (corresponding to 100% to 60% flue gas volumetric capacity in absorber column). The 564 

solvent flow rate was reduced in order to keep L/G ratio at a value of around 1.05 kg/Sm3 in the 565 

absorber column; refer to Figure 9d. The inputs to the process Fgas and Fsolv reached stabilization, 566 

with a rise time of 6 minutes. However, significant instabilities were found in the steam mass flow 567 

rate sent to the reboiler (Fsteam) which oscillated around the value of 3 600 kg/hr and had initial 568 

peaks of 2 540 kg/hr at time 20 min and 5 130 kg/hr at time 32 min; refer to Figure 9c. The large 569 

reduction in solvent flow rate (Fsolv) resulted in a significant disturbance to the flow network. 570 

Fluctuations in the steam flow rate resulted in significant fluctuations of CapA and CapB (see Figure 571 

10), CO2 absorbed, CO2 desorbed and stripper bottom temperature (Tstr) (see Figure 11). This was 572 

due to the stripper temperature controller, which was very sensitive to changes in stripper bottom 573 

temperature (Tstr). This suggests that the value of the controller gain was too large. Actually, 574 

oscillation disappeared when the operator set the temperature controller on manual and setting a 575 

given value of steam flow rate (not shown). Again, CapA and desorbed CO2 were more sensitive 576 

to the fluctuations of steam flow rate than CapB and CO2 absorbed, as can be observed in Figure 577 

10a and Figure 11a. Comparing with test 1, for larger disturbances in flue gas volumetric flow rate 578 

it can be more complicated to reject the disturbance and reach stabilization of the process variables 579 

with feedback control. This suggests that further work should be done at the TCM amine pilot 580 

plant to fine tune the controllers of the regulatory control layer of the process, if large and fast 581 

disturbances in flue gas flow rate are to be rejected. 582 

Test 4 shows a flue gas volumetric flow increase from 36 000 Sm3/hr to 60 000 Sm3/hr with a 583 

rise time of 5 min, which represents 60% to 100% of absorber flue gas volumetric flow rate 584 

capacity. Rich solvent flow rate (Fsolv) was increased from 45 000 kg/hr to 65 000 kg/hr with a rise 585 

time of 5 min, in order to keep the L/G ratio at a value of around 1.03 kg/Sm3 at the initial and 586 

final steady-state operating conditions. It can be observed how steam flow rate saturated (reached 587 

a maximum value of 6 560 kg/hr) from around t=25 min to around t=35 min; refer to Figure 9c. 588 

Input saturation is not desired in control for smooth operation of the process. This suggests that 589 

the controller gain for the Tstr controller is too large, and that the stripper temperature set-point was 590 

too large for the given process conditions. However, at time t=35 min the steam mass flow rate 591 

was reduced by the action of the steam temperature controller. The operators considered that the 592 

process achieved stabilization at around time t = 70 min, and injected liquid water in the steam 593 

supply line to avoid excessive temperature of the supply superheated steam (limited to 150 °C) 594 

according to TCM pilot plant operation guidelines. This reduced the available heat and the 595 

resulting stripper bottom temperature (Tstr). However, it can be considered that the process 596 

stabilized at around 70 min. CO2 desorbed stabilized faster (41 min) than CO2 absorbed (63 min); 597 

refer to Table 8. 598 
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a)Flue gas volumetric flow rate [Sm3/hr] 

 

b) Rich solvent mass flow rate [kg/hr] 

 

c) Steam flow rate [kg/hr] 
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d) L/G ratio [kg/Sm3] 

 

e) Backpressure of rich amine pump [barg] 

Figure 9. Experimental results for tests on load change driven by flue gas flow rate reduction and increase for tests 1 to 4 599 
in Table 6. The process variables measured are the main inputs to the amine plant during the tests.  600 
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a) Capture rate CapA 

 

b) Capture rate CapB 

Figure 10. Experimental results for tests 1, 2, 3 and 4 in Table 6. Capture rates CapA and CapB calculated as in equations 601 
(1) and (2), respectively. Capture rates are shown for the four transient events in which L/G ratio is kept constant by 602 
manipulating the solvent flow rate in order to keep constant the L/G ratio. 603 

 

a) Stripper bottom temperature [°C] 

 

b) CO2 desorbed [kg/hr] 
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c) CO2 absorbed [kg/hr] 

Figure 11. Experimental results for tests 1, 2, 3 and 4 in Table 6. Stripper bottom temperature, CO2 desorbed and CO2 604 
absorbed during transient load changes of the amine plant. 605 

4.2.2. Control of capture rate CapA 606 

In this section the results from the tests on fast load change with CO2 capture rate control are presented, 607 

refer to Table 7 in section 2.3.2. In the figures included in this section, the vertical dotted lines indicate the 608 

time at which the tests begin with the change in flue gas flow rate. Note that test 6 was stopped after 140 609 

minutes because it was considered that the plant was operated under steady-state conditions. Figure 12 610 

shows the trajectories of flue gas volumetric flow rate (Fgas), rich solvent mass flow rate (Fsolv), steam mass 611 

flow rate (Fsteam) to the reboiler and the resulting L/G ratio in the absorber column. Figure 13 shows the 612 

trajectories for capture rates CapA and CapB, while Figure 14 shows the trajectories of stripper bottom 613 

temperature (Tstr), CO2 desorbed and CO2 absorbed. In addition, Table 8 shows the resulting total 614 

stabilization times for CO2 absorbed and CO2 desorbed trajectories for tests 5 to 8. 615 

Test 5 consisted of a reduction of flue gas flow rate from 60 000 Sm3/hr to 47 000 Sm3/hr; refer to Figure 616 

12a. Solvent flow rate was set to control capture rate CapA to a set point of 0.74, and steam flow rate was 617 

set to control stripper bottom temperature (Tstr) to a value of 120.5 °C. The manipulated variables of the 618 

controller layer Fsolv and Fsteam are shown in Figure 12b and Figure 12d. It can be seen that the solvent flow 619 

rate was reduced by the controller after the disturbance was introduced, with a dead time of around 7 620 

minutes. At time t=32 min, the solvent flow rate began to increase and started to have small amplitude 621 

oscillations. As observed in the trajectory of CapA (in Figure 13a), at the initial part of the transient (from 622 

time t=0 min to time t=45 min) the controller brought the process CapA towards the target set point, however 623 

from time t=50 min the trajectory of CapA showed an oscillatory trajectory with increasing amplitude. As 624 

in test 3, solvent flow rate (Fsolv) variations induced variations in the stripper bottom temperature, hence the 625 

steam sent to reboiler was modified by the Tstr controller, resulting in an oscillatory trajectory with growing 626 

amplitude of Fsteam. Since CapA is sensitive to changes in Fsteam, the capture rate trajectory CapA will follow 627 

the variations in Fsteam. Then, the controller of CapA modifies further solvent flow rate, resulting in the 628 

unstable behavior of the process. At the time around t=150 min, the operator disconnected the Tstr controller 629 

and set a given value of steam pressure, and the oscillatory behavior stopped, bringing the process towards 630 

steady-state conditions. This test illustrates the interaction between the feedback control loops, that results 631 

in unstable performance of the process in response to the disturbance in flue gas flow rate reduction. In 632 

addition, this test shows the challenge of tuning the feedback controllers of the process if decentralized 633 
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control structures are to be applied to control the chemical absorption process for fast load change 634 

disturbances, especially when ramping down the flue gas volumetric flow rate capacity. 635 

Test 6 shows a transient test on load change increase by implementing an increase in flue gas volumetric 636 

flow rate from 47 000 Sm3/hr to 60 000 Sm3/hr. The same control structure as the one utilized in test 5 was 637 

implemented; refer to Table 7. In this case the control structure managed to bring the process towards the 638 

desired steady-state operating conditions after the disturbance in flue gas volumetric flow rate was applied 639 

to the process; refer to Figure 12a. CO2 desorption rate required a total stabilization time of 41 min, and 640 

stabilized faster than CO2 absorption rate CO2 (49 min). This test contributed to emphasize that ramping up 641 

flue gas flow rate towards full capacity (or close to design conditions) is less challenging than ramping 642 

down flue gas flow rate (towards steady-state off-design conditions within the operating window of the 643 

process). In addition, the disturbance in CO2 vol% from a value of 4.1 to 3.7 happened at time t=72 min 644 

with a rise time of 6 minutes; refer to Figure 2. This disturbance affects significantly the CapA output 645 

trajectory, which increases instantaneously, since the amount of CO2 fed to the process is reduced due to 646 

this disturbance; refer to Figure 13a at time t=72 min. However, it seems that the buffering effect of the 647 

process to disturbances at the inlet to the plant avoids a significant change in the trajectories of the rest of 648 

process variables presented in this section, and hence the disturbance in terms of CO2 vol% is properly 649 

rejected with this control structure. 650 

Test 7 shows the response of the process when operated with control structure in which CapA is controlled 651 

by manipulating solvent flow rate Fsolv, and in this case steam flow rate is reduced by applying a ramp from 652 

around 5 300 kg/hr to 4 000 kg/hr in 40 min. This ramp was specified based on the steam flow rate trajectory 653 

during the first 50 min of transient test 5, in order to test the response of the process when steam flow rate 654 

was operated with a feedforward action by modifying the steam pressure (disconnecting the Tstr feedback 655 

control loop). Note that during test 7 the initial conditions were significantly different than those for test 5. 656 

Even if both had 100% volumetric flow rate in the absorber column (refer to Figure 12a time t=-5 min to 657 

t=0 min), the initial process conditions in terms of Fsolv, and Fsteam were different in order to reach a similar 658 

CapB value of 0.74; refer to Figure 13b. In addition, this could be explained by the lower CO2 content during 659 

test 7 (3.7 vol%) than for test 1 (4.1 vol%), since lower amount of CO2 needs to be absorbed and desorbed 660 

in the absorber and stripper column; refer to time t=-5 to time t=0 minutes in Figure 14. It can be seen that 661 

for test 7 oscillations and instabilities are not found as for the similar test 5 when ramping down flue gas 662 

flow rate. This confirmed that the control loop triggering the instabilities was the stripper bottom 663 

temperature (Tstr) controller during test 5. The CO2 desorbed stabilizes after around 48 minutes, while CO2 664 

absorbed took 68 minutes; refer to Table 8. The final steady-state conditions result in a larger L/G ratio of 665 

around 1.15 kg/Sm3 (refer to test 7 in Figure 12d), and lower stripper bottom temperature (Tstr), refer to 666 

Figure 14a. 667 

Test 8 shows the response of the process when operated with control structure in which CapA is controlled 668 

by manipulating solvent flow rate (Fsolv), and steam flow rate was increased by applying a ramp from around 669 

4 000 kg/hr to 5 300 kg/hr in 40 min. This ramp was specified based on the steam flow rate trajectory during 670 

the first 50 min of transient test 6, in order to test the response of the process when steam flow rate was 671 

operated with a feedforward action by modifying the steam pressure (disconnecting the Tstr feedback control 672 

loop). The controller managed to control the capture rate CapA and stabilized the plant without significant 673 

oscillations after around 107 min (refer to CO2 absorbed in Table 8 and Figure 14). Therefore, the process 674 
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stabilized faster when using feedback control for Tstr (in test 6). The resulting final steady-state process 675 

conditions presented a relatively low L/G ratio (Figure 12d) and larger stripper bottom temperature (Tstr).  676 

 

a) Flue gas volumetric flow rate [Sm3/hr] 

 

b) Rich solvent mass flow rate [kg/hr] 
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c) Steam flow rate [kg/hr] 

 

d) L/G ratio [kg/Sm3] 

Figure 12. Experimental results for tests on load change driven by flue gas flow rate reduction and increase. The process 677 
variables measured are the main inputs to the amine plant during the tests. The control structure tries to keep constant the 678 
capture rate in absorber column by manipulating rich solvent flow rate, refer to Table 7. 679 

 

a) Capture rate CapA 

 

b) Capture rate CapB 

0.65

0.75

0.85

0.95

1.05

1.15

1.25

1.35

1.45

-5 10 25 40 55 70 85 100 115 130 145 160 175 190 205

L
/G

r
a
ti

o
 [

k
g

/S
m

3
]

Time [min]

Test 5 Test 6 Test 7 Test 8

0.6

0.65

0.7

0.75

0.8

0.85

0.9

0.95

1

-5 10 25 40 55 70 85 100 115 130 145 160 175 190 205

C
a

p
A

[-
]

Time [min]

Test 5 Test 6 Test 7 Test 8

0.6

0.65

0.7

0.75

0.8

0.85

0.9

0.95

1

-5 10 25 40 55 70 85 100 115 130 145 160 175 190 205

C
a

p
B

[-
]

Time [min]

Test 5 Test 6 Test 7 Test 8



 30 

Figure 13. Experimental results for tests 5, 6, 7, and 8 in Table 7. Absorption and desorption rates are shown for the four 680 
transient events in which L/G ratio is kept constant by manipulating the solvent flow rate in order to keep constant the L/G 681 
ratio. 682 

 

a) Stripper bottom temperature [°C] 

 

b) CO2 desorbed [kg/hr] 

 

c) CO2 absorbed [kg/hr] 

Figure 14. Experimental results for tests 5, 6, 7 and 8 in Table 7. Stripper bottom temperature Tstr, CO2 desorbed and CO2 683 
absorbed during transient load changes of the amine plant. 684 
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5. Conclusions 686 

Tests on open-loop responses of the plant revealed that for step changes in flue gas volumetric flow rate 687 

the absorption and desorption rate did not change significantly from initial to final steady-state conditions. 688 

While the absorber temperature profiles are affected by changes in volumetric flow rate, the stripper 689 

temperature profile remains approximately constant with same values for the step changes in flue gas flow 690 

rate applied in test A and D. For changes in flue gas flow rate the process will take a maximum of around 691 

55 min to stabilize. Changes in steam flow rate to reboiler showed that desorption rates are sensitive to 692 

changes in reboiler duty, and CO2 desorption rate follows tightly the changes in steam flow rate, while the 693 

CO2 absorption rate response follows with a delay due to circulation times in the recycle loop. The stripper 694 

process conditions change relatively fast in response to inputs of steam flow rate, while the response of the 695 

performance of the absorber column is slower. In addition, for step changes in rich solvent flow rate the 696 

solvent flow network stabilizes within 6 minutes, which is faster compared to rest of process variables. 697 

When the capture rate is defined with the absorption rate CapB, the output trajectory describes a slow inverse 698 

response due to solvent circulation times through the recycle loop, while the capture rate CapA defined with 699 

CO2 desorbed reaches stabilization without a significant inverse response. For all tests with solvent flow 700 

rate it took less time to stabilize CO2 desorbed than CO2 absorbed (around 45 min in test C). 701 

Tests for fast load change scenarios applied to the pilot plant revealed that the process can reject fast 702 

disturbances in flue gas flow rate and could bring the process towards desired off-design steady-state 703 

conditions within 60 min by employing decentralized control structures. These tests provide empirical 704 

evidence at demonstration scale that combined cycle power plants with post combustion CO2 capture can 705 

keep similar operational procedures as equivalent unabated power plants, considering fast cycling load 706 

changes driven by fast GT load change. However, care must be taken when tuning the feedback control 707 

loops of the process and especially of the regulatory control layer. Further work at TCM DA is required to 708 

tune the controllers of the regulatory control layer of the amine plant so that faster closed-loop responses 709 

are achieved, allowing for tighter control of process variables in the advanced control layer. 710 

Large load changes from maximum to minimum online operation flue gas volumetric flow rate (100% to 711 

60% volumetric flow rate) in the pilot plant can cause instabilities due to the low rich solvent flow. At low 712 

solvent flow rates (desired at low loads for efficient off-design steady-state operation of the plant) the 713 

circulation times within process equipment increases, slowing the plant response to change in solvent flow 714 

rate and hence making more difficult to achieve tight control of capture rate CapA and stripper bottom 715 

temperature (Tstr). In response to flue gas flow rate disturbance, fast and large changes in solvent flow rate 716 

as a control measure can cause instabilities due to the interaction between the stripper temperature and the 717 

capture rate control loops. Unintended disturbances in CO2 vol% showed the importance of feedback 718 

control in order to keep the plant within desired steady-state operating conditions. A combination of 719 

feedforward and feedback algorithms could be a solution to achieve fast and stable disturbance rejection. 720 
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Symbols and abbreviations 725 

3PRH     Three pressure reheat  726 

CCS     Carbon capture and storage 727 

CHP     Combined heat and power 728 

Fgas     Flue gas volumetric flow rate [Sm3/hr] 729 

Fprod     CO2 product mass flow rate [kg/hr] 730 

Fsolv     Rich solvent mass flow rate [kg/hr] 731 

Fsteam     Reboiler steam mass flow rate [kg/hr] 732 

Cap     Capture rate 733 

DCC     Direct contract cooler 734 

GT     Gas turbine 735 

L/G      Liquid to gas ratio [kg/Sm3] 736 

MEA     Monoethanolamine 737 

PCC     Post combustion CO2 capture 738 

PI     Proportional-Integral feedback controller 739 

SIMC     Simple internal model control 740 

SRD     Specific reboiler duty [kJ/kg CO2] 741 

Tstr     Stripper bottom temperature [°C] 742 

TCM DA    Technology Centre Mongstad 743 

TPM     Throughput manipulator 744 
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