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Abstract

A reactive CFD model has been developed and implemented numerically in
an in-house code for a coupled double loop circulation fluidized bed reactor.
In the current work it is utilized for the chemical looping combustion (CLC)
process but the model can easily be modified for exploring some other chem-
ical looping processes. The air reactor and the fuel reactor are operated in
fast fluidization regime and simulated separately in a simultaneous mode. The
connections between the two reactors are realized through time-dependent inlet-
outlet boundary conditions. The model predictions are validated by comparison
with experimental data reported in the literatures. Good agreement is observed
between the experiments and simulations. Using this model, fluid dynamics and
chemical process performance of the double loop reactor is investigated. The
results show that the methane is rapidly consumed at a very short entrance
section of the reactor and the axial distribution of the oxygen is more smooth.
Higher reactant residence time and fuel reactor temperature increase the conver-
sion of methane and oxygen. The methane conversion could reach 95% during
the current study.
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1. Introduction

The fact that greenhouse gas emission from the energy sector is linked to
climate change has prompted research in a considerable number of technologies
to address this issue. Chemical looping combustion (CLC) is one of the possible
technologies which provides a novel route for inherent COs capture with lower
energy demand and cost penalty [1].

The typical configuration for CLC system consists of two interconnected
fluidized bed reactors, comprising a fuel reactor (FR) operated as a bubbling
bed and an air reactor (AR) operated in the fast fluidization regime. A metal
oxide, known as oxygen carrier (OC), is used to supply the oxygen needed for
fuel conversion and circulates between the two reactor units. The gaseous fuel is
introduced to the FR and reacts with oxygen, provided by the OC, to give COq
and steam . In a subsequent step, this oxygen carrier is reoxidized to its initial
state with air in the AR. In this way, the mixing of fuel and air is avoided
and COg will inherently not be diluted with nitrogen which would otherwise
require high energy cost. A large number of studies considering different areas

of CLC have been summarized by several review papers [2-4].
(2n + m)Me, Oy + CoHom — (2n + m)MexOy—1 + mH20 +nCO, (1)

1
MeOy_1 + 502 — Me,Oy (2)

The development of Computational Fluid Dynamic (CFD) model for CLC
process has been the focus of many researches since the mathematical modelling
and simulation of the reactor is essential for its design, optimization and up-
scaling. Most of CLC simulation studies available on the literature focused on
modelling the typical configuration which composes of a high velocity riser as
the AR and a low velocity bubbling fluidized bed as the FR[EHI4], However sev-
eral studies [BH8] found that the bubbles formed and the reacting gas bypassing
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in the bubbling bed could result low gas conversion. Up to date, only a few
attempts [I5HIT] were made for other reactor design possibilities.

SINTEF Energy Research and the Norwegian University of Science and Tech-
nology have designed a double loop circulating fluidized bed (DLCFB) reactor
for CLC process. In the DLCFB system, the air reactor as well as the fuel reac-
tor are operated in the fast fluidization regime for a better gas-solid contact and
flexible operation. In order to understand the physical phenomena, explore the
chemical process performance of the CLC process in this novel DLCFB system,
it is beneficial to develop a simulation tool which further can be used to optimize
the operating conditions, on scale-up and design of industrial scale reactors.

This study makes a first attempt on CFD modelling and simulations for the
CLC process in the novel DLCFB reactor as defined above. A reactive multi-
phase CFD model for an interconnected DLCFB reactor has been developed and
implemented using an in-house Fortran code. Methane is used as the gaseous
fuel and NiO is chosen as OC. The main objective of this paper is to validate
the model and investigate the CLC performance in the DLCFB reactor system

with different operating conditions.

2. Experimental setup

The concept for the CLC reactor system developed by SINTEF Energy Re-
search and Norwegian University of Science and Technology is schematically
represented in Figure [1| (a). The air reactor as well as the fuel reactor are op-
erated as a circulating fluidized bed (CFB) and the system is therefore called
a double loop circulating fluidized bed reactor system (DLCEFB). The fast flu-
idization regime in the FR has the objective of raising the fuel conversion with a
better utilization of the upper part of the rector. The continuous solid exchange
between the reactor units was realized by means of two divided loop-seals. The
loop-seals are fluidized through three bubble caps (central, external and inter-
nal) so that the solids entrained by one reactor can be lead into the other reactor

or re-circulated back into the original one. There is also a bottom extraction/lift



54

55

56

57

58

59

60

61

62

63

64

65

66

67

68

69

70

71

72

73

74

75

76

7

78

79

80

81

used to balancing the hold up of the two units.

Both reactors are of 6 m height while the diameter of the AR and FR is
0.23 m and 0.154 m respectively. The fluidizing gas is fed from bottom of the
reactors. The solid outflow from one reactor will inject into the bottom of the
other reactor through the cyclones and external loop-seals. Differential pressure
transducers were placed along the reactor bodies to measure the local pressure

distribution.

3. Computational model

3.1. Fluid dynamics model

A two-fluid reactive model based on the kinetic theory of granular flow
(KTGF) implemented in an in-house code is used to describe the hydrodynamics
and the reactions in the fluidized reactors. In the two-fluid model, each phase is
described by a set of governing equations and closures. For the gas phase, the
transport equations can be derived by adopting suitable averaging process for
local instantaneous equations[I8], while the transport equations for solid phase
originate from the ensemble average of a single-particle quantity over the Boltz-
mann integral-differential equation|[I9]. Detailed descriptions of the model can
be found in [20] and [2I]. The governing equations are summarised in Table
The standard x — € turbulence model is chosen for characterizing the gas phase
turbulence phenomena, the corresponding closure models are shown in Tables
and |3] The KTGF is adopted to derive the physical properties of solid phase by
introducing the granular temperature, ©. The two phases are coupled through
the interfacial momentum transfer, which is dominated by the drag force. In
this study, the Gidaspow drag model [22] was used. The internal phases consti-
tutive equations are listed in Tables[d and [5} Table [6] summarizes the equations
used for the interfacial momentum and heat transfer.

Since the reactions included in the FR are moderately endothermic and

during the experiments the temperature of the FR is usually carefully controlled
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within narrow range [17], thus no energy conservation was simulated in the FR.

Only the AR is incorporated with the heat balance.

3.2. Reaction kinetics model

In the simulations presented in this paper, a nickel-based oxygen carrier is
used. Following the experiment conducted by [I7], the mean particle size and
the density are 135 um and 3416 Kg/m?® respectively. The active NiO content
is 40%. One step reactions are assumed both for the fuel and air reactors and

given as follows:

4ANiO + CH,y — COy + 2H,0 + 4Ni (3)

ANi 4 205 — 4NiO (4)

The reaction is assumed to be first order with respect to CHy and the

reaction rate is modeled by the expression derived by Kruggel-Emden [9]:

Y
r= k‘So% = ]CS()CCH4 (5)
CHy

The chemical reaction rate constant k given by Ryu et al.[23] was obtained

by use of a thermal gravimetrical analysis technique and expressed by:

k= ko exp (—RET> (6)

with the activation energy E = 37070 (J/mol) and the preexonential factor
ko = 3.27 x 1072 (m/s).
The Sy represent the surface area for the reaction and is dependent on the

degree of conversion X through a nonlinear relation with:

SOZ dgas(l—X)2/3 (7)

S
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where X is the volumetric dimensionless degree of conversion, which is the ratio
of the radial position of the reaction (r.) over the external radius of the particle

(rp). It can be expressed in terms of the mass fraction ¥ of Ni and NiO:

Y .
1-x)3="le_ Ni
( ) rp  Yni+ Ynio(pwi/pnio)

The reaction rate of reaction (4] in the air reactor is given as [24]:

PeYs, E 2/3
= koag——2 —— ) [3(1 - Xx)¥ 9
= oo 208 enp (<) 1 - X )

in which the reaction order is n = 0.7, the preexonential factor is kg = 8.4x 1071
(mol' ™" /m2~37s) and the activation energy E = 22000 (J/mol).
The source term in the species mass balance equation for the jth species in

the gas can be modelled by:

F‘;,j = Vij’I" (10)

The mass transfer between the gas phase and the solid phase is calculated

as following the relation proposed by Jung and Gamwo [5]:
Py = vo, Moyr = T, (11)

4. Interconnected reactor model and numerical considerations

4.1. Computational domain

The chemical looping combustion process is simulated by utilizing the DL-
CFB system as described in Section 2. The 2D plane geometry is chosen for
the simulation of the fuel and air reactors, which is shown in Figure [1] (b),
having the same dimensions as the experimental setup. Grid sensitivity study
was carried out in advance using three domains containing 14080, 22800 and
35250 cells in previous work by Zhang et al.[25]. In addition, the effect of the
grid number on the chemical species axial distribution was also examined. The

results show that the domain with 22800 cells (30 x 300 for FR, 46 x 300 for AR)
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was suitable for the future studies with the consideration of the computational

time and numerical accuracy.

4.2. Numerical implementation of the coupling between reactors

Two different sets of coordinates and parameters are adopted to solve the
governing equations for the AR and the FR respectively. The solid flowing out
of the AR is fed into the bottom of the FR, and in a similar way all the solids
that exited at the outlet of FR will be injected into the bottom of the AR. The
exchange of the solid flow between the reactor units is realized through the time-
dependent inlet and outlet boundary conditions. At each simulation time step,
the processes in the two risers are simulated separately, the solid flux of the inlet
of one riser is calculated from the solid flowing out of the outlet of the other riser
with the same OC condition. In the experiment, this kind of continuous solid
exchange is achieved by means of cyclones, divided loop-seals and the bottom
lift. The cyclones are neglected in the simulation by assuming the efficiency
of the cyclones are equal to one. The bottom extraction/lift is replaced by an
internal recirculation mechanism in order to keep the mass balance inside each
reactor. In this way, a full loop is fulfilled for one time step. Then, another

computation loop for next time step will run repeatedly.

4.8. Initial and boundary conditions

Initially, there is no gas flow in the reactor and the bed is at rest with a
particle volume fraction of 0.4. A uniform plug gas flow is applied at the inlets
of the reactors, the inlet solid flux of one of the reactors is kept consistent with
the outlet solid flux of the other one with a prescribed solid volume fraction at
the inlet. The normal velocities at all boundaries are set to zero. No-slip wall
boundary condition is set for gas phase while the solids are allowed to slip along

the wall, following the equation from [20].

=

T lwatl = ds 0Vs, .

s,zlwall = ~77/3
as/ or

(12)

where Uy, is the axial velocity of the particles. r indicates the radial direction.
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For scalar variables but pressure, Dirichlet boundary conditions are used at
the inlets, while Neumann conditions are used at the other boundaries. For
the pressure correction equations, all the boundaries except outlet, Neumann

conditions are adopted. At the outlet a fixed pressure is specified.

4.4. Numerical Procedure

The two-fluid model equations are discretized by finite volume method and
implemented in a Fortran program. The algorithm is based on the work by
Lindborg [2I] and Jakobsen[20]. The second order central differential scheme
is used to discretize the diffusion terms. In order to reduce the oscillation and
keep higher-order accuracy of the numerical solution, a total variation dimin-
ishing (TVD) scheme is employed for discretizing the convention term [26] 27].
In this scheme, cell face values are calculated from the combination of upwind
scheme part and a suitable anti-diffusive part, which controlled by a smoothness
function. In this way, a higher-order discretization scheme is used in smooth re-
gions and reduce to the first order at local extrema of the solution. The upwind
part is treated fully implicitly while the anti-diffusive part is treated explicitly.
The SIMPLE algorithm for multiphase flow is selected for the pressure-velocity
coupling [20]. Due to the strong coupling of the two phases, the coupling terms
are singled out from the discretized transport equations, and then the coupled
equations are solved simultaneously by using a coupled solver. The species
mass balance equations are solved by applying a fractional step scheme which
decouples the chemistry (i.e., kinetics) and the transport (i.e., convection and
diffusion) terms. All the linear equation systems are solved by the precondi-

tioned Bi-conjugate gradient (BCG) algorithm [21].

5. Results and discussion

The first part of this section presents the validation of the model. Then by
using the modelling tool, numerical experiments have been perform in order to

explore the chemical process performance of the CLC process in the DLCFB
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reactor system. The fuel feed rate for each simulation is calculated by dividing
the fuel power with the lower heating value of the methane. The air flow rate

to the AR could be calculated by using the air to fuel ratio.

5.1. Model validation

In order to validate the interconnected model of CLC process, the reported
experimental data from Bischi et al.[28] was used. However, in their experi-
ments, only cold flow performance was examined. In order to check the reliabil-
ity of the reactive model, one more experimental CLC system documented by
Proll et al.[I7] has been simulated for validating the reaction model. The de-
tailed descriptions of the experiments can be found in [I7, 2§]. The simulations

were run for 20 s and the results were averaged from 15 s to 20 s.

5.1.1. Validation of the coupled CFB model

The experimental facility of DLCFB in [28] is quite similar with the rig
studied in current paper. Only the height of the reactor units is changing from
6 m to 5 m. During the experiment, a certain amount of the particles were
present between the two reactors, so the initial inventory used in the simulations
is calculated from the pressure drop between the reactor bottom and top from
the experimental data.

Figure [2] shows the predicted axial profile of the pressure compare with the
experimental measurement in the FR and AR respectively. The operating gas
velocities of the FR and AR are 1.8 m/s and 2.1 m/s respectively. It can be
seen that good agreement has been achieved for both reactors and only minor
discrepancies occurred in the lower region of the reactors. One reason for the
deviations may be the simplified gas distribution used at the inlet, which is not
strictly consistent with the experiment. In addition, the simplified cylindrical

shape of the bottom of the reactors may be another contributor to the difference.
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5.1.2. Validation of the reaction model
The performance of the CLC process can be characterised by CHy conver-
sion, which expressed by:

hCH4,out

Xew, =1- (13)

NCH,,in
in which ncp, is the inlet or outlet molar flow of the fuel. The optimal methane
conversion is 100 % since any unburned methane must be removed before the
CO2 and H50 separation unit. One possible method to eliminate the unburned
methane is introducing pure Os after the CLC process, which could result in
high costs.

Figure [3| shows the predicted axial profile of the pressure compared with the
experimental measurement at 140 kW fuel power. The bed expansion is over-
predicted by the model. This is to be expected when simulating a 3D cylindrical
system on a 2D plane. The dense solids regions near to the wall will account
for more in a 3D cylindrical system that they do on a 2D plane. So with the
same amount of solids contained in the reactor, the bed height in 2D situation
will be over-predicted [29].

Figure 4| compares the calculated and measured fuel conversion with varying
fuel load. The results predicted by the reactive model are not in qualitative
agreement at the lower fuel powers. This deviation might be contributed to fuel
injection sources. The fuel gas is supplied through four nozzles in the exper-
iments, which would create large bubbles in the lower regions of the reactor,
hence reducing the contact between the fuel and the OC. In the simulation,
however, uniform distribution is adopted for fuel supply. That could increase
the contact between the gas and the solid phases and furthermore resulting the
higher CH,4 conversion. Generally the predicted results seem to be in correct
order, especially towards the higher fuel power.

The comparison of the computed and measured fuel conversion under dif-
ferent temperature conditions are illustrated in Figure [5] The CH4 conversion

is maintained at a relatively high level over all the temperatures and the pre-

10
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dicted values are slightly lower than the measurements, indicating that the
kinetic model can be used to describe the reactive behaviour of the system at

the current condition.

5.2. Chemical process performance in DLCFB

The time series data for the solid mass flow are shown in Figure[6] For both
reactors, the solid mass fluxes at the outlet can be seen fluctuating around a
certain value after 12 s, hence the flow conditions can be said to be under quasi-
steady-state. The average value of outlet solid flux in the AR (15.23 kg/s) is
larger than the value in the FR (4.32 kg/s), which due to the superficial velocity
in the AR is higher than in the FR.

The vertical profiles of solid volume fraction and gas concentration in both
reactors are illustrated in Figure[7l The dense and dilute regions can be identi-
fied in the AR, the solids accumulate in the bottom of the reactors and decrease
exponentially along the height. In the FR, the axial distribution of solid is
somehow smoother. In figure [7| (b), the CHy is rapidly consumed at a very
short entrance length and almost uniform at the upper part, the reverse trend
is observed for gas products CO5 and H,O. The CHy conversion is about 91 %.
In the AR, the axial distribution of oxygen concentration is relatively moderate.
That is, the Oy concentration decreases continuously along the length of the AR,
thus the axial concentration profile has less gradients than the corresponding
CH,4 profile.

Figure[§shows the time-averaged radial profiles of solids volume fraction and
gas concentration at different axial position above the entrance. A typical core-
annulus particle distribution is established at different axial positions. Since
both reactors are operating in the fast fluidization regime, similar trend can
be observed in both the FR and the AR. The distribution of CH4 and Os,
as reactants in the FR and AR, are similar. At the lower height, CHy or Oy
concentration appears a parabolic curve profile. The unconverted reactants
in the center is higher than in the wall region, which is mainly related to the

distribution of oxygen carriers. Higher concentration of oxygen carriers near the

11
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wall enhances the reaction rate, which makes the amount of reactants lower. The
distribution of reactants get flat as the height increases. The radial distribution
of the products, CO5 and HyO, show reverse trend, with lower amount in the

center and higher amount near the wall.

5.8. Effect of operating conditions

The simulation analyses under different operation conditions were conducted
in this section. The fuel power and FR temperature can be varied, one at a time.

The effect of fuel power on the CH,4 concentration along the reactor height
is presented in Figure |§| (a). The simulation results shows that the conversion
of CH, decreases from 92% to 81% as the fuel power is increased from 150 kW
to 250 kW. The gas velocity data presented in Figure [10]illustrates the reason
for the lower performance at the higher fuel power conditions. In Figure [I0]
one can observe that the gas velocity increase along the axial direction, which
is because more gas will be released as the reaction (3) goes on (one mole CHy
input will gives three mole gas of COy and HoO output). The higher fuel power
results in higher gas velocity and then reduce the fuel residence time as shown
in Figure The influence on the CH4 conversion below the 200 kW fuel power
is quite small, which shows somehow the operational flexibility for the DLCFB
reactor.

The model simulations predict that higher fuel power gives lower methane
conversion. It is noted that Kolbitsch [30] observed the same trend in his sim-
ulations. However, the reason of this phenomenon is different from the current
study. In their study, an increased power resulted in the lower OC to CHy4 ratio
which is the main reason for the lower fuel conversion. But in the current study,
when the fuel power is increased, the ratio of OC to fuel is decreased a little
and then increased, as shown in Figure That is because with the CH, flow
increased, the OC flow which feeds into the FR is also increased. The OC to

fuel ratio (¢) mentioned above is defined by the following equation.

TINiO,in
= —— 14
4nCH4,in ( )

12
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in which nnio,in is the molar flow of NiO and CHy i, is the inlet molar flow of
CHy4 in the FR. A value of ¢ = 1 corresponds to the stoichiometric NiO — CHy
in the reaction (3), which is also shown in Figure [12] as the optimal ratio.

The variation of the Oy concentration along the height of the reactor is
plotted in Figure |§| (b) at different fuel power conditions. In this figure, it can
be seen that as the fuel power increases, the Os exit concentration increases.
That is mainly because the higher air flow rate is needed when the power is
increased in the FR in order to keep A be 1.1, results in a shorter residential
time of reactants.

Figure[I3]shows the effect of varying the power on the OC temperature in the
AR. The results show an increasing OC temperature along the reactor height,
which is attributed to the heat being released by the exothermic reaction (4).
For the cases from 150 kW to 250 kW, higher fuel power can reduce the OC
temperature. That is because the amount of oxygen carriers transported from
the FR, with a lower temperature, to the AR is increased.

According to Kolbitsch [30], the reaction temperature is the most important
operating parameter to affect the CLC performance. In order to evaluate the
influence of the temperature on the CLC performance, simulations were run
varying the FR temperature. It should be emphasized that the reaction rate
constant for the oxidation of Ni particles was determined for the temperature
range from 1073 K to 1223 K. [24] Any operating temperatures outside this
range of temperature might not be physically predicted by the current model.
However three temperatures, 1100 K, 1150 K, 1200 K, were chosen to examined
the influence of reaction temperature on the CLC performance.

The results from a FR temperature variation are shown in Figure As
expected, a higher FR temperature gives higher CH, and Os conversion, which
is attributed to an increase of the reaction rate according to the equation [5| and
@ For CH,, the conversion could be up to 95%. In general higher temperature
enhances the reaction rates, but extremely high temperature may give technical
problems, such as sintering of bed material. So in order to optimize the reactor

performance at an appropriate temperature for the CLC process, it is important
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to improve the reaction rate as well as maintain the reactivity of the oxygen

carrier.

6. Conclusion

A two-fluid reactive simulation tool has been developed to predict the be-
haviour of the CLC process in an interconnected DLCFB and implemented
numerically in Fortran. The model can easily be modified to investigate differ-
ent reaction processes and other chemical looping technology. First the model
is validated against the experimental data obtained from the work of Bischi
et al.[28] and Proll et al.[I7]. Then the influences of operation conditions on
the performance of the CLC process are analysed. The results are summarized

below:

e Good agreement was observed between the predicted and the measured
values, indicating the capability of the model for describing the CLC pro-

cess in the novel DLCFB reactor.

e The fuel (CHy) is rapidly consumed at a very short entrance section and
the species concentration becomes almost uniform at the upper part. The

axial distribution of the oxygen concentration is continuously decreasing.

e Core-annular flows exist in both reactors. The gas species concentrations

in the radial direction are determined by the OC concentration.

e Due to the shorter residence time of reactants, the higher fuel power would
decreased the methane conversion in the FR as well as the oxygen conver-

sion in the AR.

e An increased temperature could increased the conversion of the fuel and

the oxygen since it enhance the reaction rate.

The methane conversion could reach to 95% in the current study which
shows a potential for the further research. Further work continues to optimize

of operating conditions including air to fuel ratio, oxygen carrier inventory and

14
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test the different types of oxygen carriers such as copper-based or manganese-

based oxygen carriers.
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Nomenclature

Roman Symbols

Symbol Description Unit
C1,C2,Ch, C, Turbulence model parameter -

ds Particle diameter m
Dj; Binary diffusion coefficient m? /s

Diffusion coefficient for compo-
Dy ; m?/s
nent j in phase k

E Activation energy J/mol

e Coefficient of restitution -

Jo Radial distribution function -

h Heat transfer coefficient kW /(m?K)
HE Reaction enthalpy for reaction ¢ kJ/mol

k Reaction rate coefficient m/s

15
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366

367

368

369

370

371

372

373

374

375

376

377

378

379

380

381

382

383

384

385

Pk

Pr

=l
IR

=l

Greek Symbols

Gas turbulent kinetic energy
Mole mass

Pressure of phase k

Prandtl number

Heat transfer

Gas constant

Reynolds number

Particle Reynolds number

Surface area of the reaction
Turbulent kinetic energy produc-
tion

temperature
Time

Conversion

Mass fraction of j
Axial coordinate
Unit tensor

Drag force

Gravity acceleration

Interfacial momentum transfer of
phase k&

Velocity of phase k

16

m? /s?
kg /kmol

Pa

J/m3s

J/Kmol

1/s

kg/m?s?
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389
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392

393

394

395

396

397

398

399

400

401

402

403

404

405

406

Symbol

Rs
Ak

M

€g

Subscripts
Symbol
AR/FR

B

Description

Volume fraction of phase k
Stress tensor of phase k
Turbulent stress tensor
Interfacial drag coefficient
Interfacial mass transfer rate

Collisional energy dissipation
Conductivity of granular tem-
perature

Thermal conductivity of phase k
Viscosity of phase k
Stoichiometric coefficient

Mass fraction

Granular temperature
Turbulent energy dissipation

rate

Description

Air reactor or fuel reactor
Bulk

Reaction number

Gas(g) or solid(s) phase

Minimum fluidization
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Unit

Pa

m? /s?

m? /g3

Unit
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408

409

410

411

412

413

414

415

Superscripts
Symbol
0

dilute

max

Turbulent

Wall

Description

Initial

Dilute

Effective

Molecular

Maximum
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Table 1

Governing equations

Continuity equation for phase k (k = g, s)
0 —
5 kPe) +V - (erppTh) =Tk

Momentum equation for phase k (k = g, s)

g — - - = EV — kg
a(%pkvk)-i-v'(akpkvkvk)=—akVp—V'am+Mk+akPk9 +Ty

Species mass balance for phase k (k = g, s)

0
&(akl)kwk,j) +V - (apppTrwr,j) = V - (agpr Dy, ;Vwy ) + T

Molecular temperature equation for phase for gas phase

DT,

agpgChp,g 7Dtg =V (agAgVTy) + Qsg

Molecular temperature equation for phase for solid phase
DT.

aspscp,STts =V (aS)‘gvTS) + (7AHZR)7'7« + Qgs

Gas turbulent kinetic energy equation
t
— = — 14
a(agﬁgkg) + V- (agpgkgVg) =ag(—7¢ : VUg+ St) + V- (ag;ngg) — Qgpgeg
g
Gas turbulent energy dissipation rate equation
1 €g = - ,U,Z 8527
o (0gpgeg) + V- (agpgeg¥y) =agC1-= (=Tt : VUy + St) + V- (g —=Vey) — agpgCa =
ot kg O kg
Granular temperature equation

3[0 -
5 &(asp395)+v'(asps®ivs) = —Ts: vy)’s“l’v'(/‘fsvgs)*:‘sﬁ@s*'}’s
Table 2

Closure for turbulent model

Turbulent viscosity
2

#ﬁ, = chu <

€g

Turbulent kinetic energy production|31]
St = CpB(Ts — Ty)?

Turbulent stress tensor[20]

2 - -
Tt = *gﬂgkgl + 204 Sg
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Table 3

Empirical parameters for the x — ¢ model [20].

C, 0o o Ch Cs Cy
0.09 1.00 130 144 192 0.25

Table 4

Constitutive equations for internal momentum transfer

Gas phase stress
Tg = 209119 Sg

Solid phase stress

Ts = _(_ps + QSNB,SV : T;s) — 2as 5 Ss
Deformation rate for phase k (k = g, s)

o 1 — —> \T 1 —> \T7
Se=g (Vvk + (V%) ) — 3 (V- TRl
Solid phase pressure [32]

Ps = aspses[l +2(1 - e)asgo]

solid bulk viscosity [32]

4 O 4
UBs = gaspsdpgo(l +e)y/ — gaspsdpgo(l +e)

Solid phase shear viscosity[22]
2#glilute |: 4 :|2 4 O,
s=————— |1+ -asgo(l+e)| +-a 1+e)y/—
Hs asgo(1 +¢) 5 s90( ) 5 sPsgo ) -
Conductivity of the granular temperature [22]
15 “glilute |: 6 i|2 5 O,
ks = ———— |14+ - 1+e + 2apsdy(1+ € —
s 2 (11 e)g0 5 sgo( ) sPsdp( )90\/ -

Collisional energy dissipation [33]

4 69 —>
—4y/— -V vs:|
dp s

Radial distribution function [34]
1+ 2.5as + 4.5904a? + 4.515439a3

[1_( as )31|OA678O2

max
aS

vs = 3(1 — 82)a§psgo@s

g0

Dilute viscosity [22]

i 5
T

96
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Table 5

Constitutive equations for internal heat and mass transfer

Effective conductivity
Fi
prPrt

P+

Molecular conductivity[35]

AO
A =280 e

Oégo
m __ g _
As —@(¢A+(1 #A))

2 A-1 B A B-1 1
AZl—B/A[(1—B/A)22n§71—B/A7§(B+1)
where

A=29/20 B =1.25(as/ay)'?, ¢ =7.26 x 1073
Effective diffusivity
D ; = Di; + Dy

Molecular diffusion coefficient[36] [20]
mo_ 1- wi} ‘
T M % by

Binary diffusion coefficient[37]

by TN

101.325P (S V)° + (2 1/)3/3)2

Turbulent diffusion coefficient|21]

t
t _ _Hg
Dg— Sct

PgcC

d
Di:wz V7O
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Table 6

Interfacial momentum and heat transfer equations

Interfacial force
My =-M, =¥, - @)

Drag coefficients [22]

1_ 2
150000 4 751~ ag) g2, — Tl 0 <08
agdy D
B =
1_
0'75Cd(dﬂﬂg\179 ~ iy ap > 08
P
where
24 0.687
c, =4 Tep [1+0.15(Re,)*%87]  Re, < 1000

0.44 Re, > 1000

Interfacial heat transfer
6o
Qgs = —Qsg = Jth(Tg —1T5)
dp
Interfacial heat transfer coefficient[38]
AgNu
dp
Nu = (7 — 100g + 502)(1 + 0.7Re"2 Pr'/?)

hgs =

+(1.33 — 2.4y + 1.202)Re% 7 Prt/3
Particle Reynolds number and Prandtl number
agdppg| Vs — Tyl

g

Rep =

Pr HgCh,g

Ag
Heat transfer with the wall [21] [39]
Qw,s = hw,s(Tw - T@)

Qu,g = hw,g(Tw — Ty)

where

4 1
T

d htube + hpck

C 2hube A 0vspsCpys | vg |\ /2

htube = 0 5 hpck: = =2 7

dinln(dout — din) Tz

1/3 _U -1
huw,g —0.165Pr1/3 (pig) (1+0.05(|vg|77nf)_1) Fgg
Ps — Pg Umf llam
lluxm = (L)Q/S
9(ps — pg)
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Table 7

Main geometric and operating parameters.

Description Unit Value

Reactor geometry

AR height m 6
AR diameter m 0.23
FR height m 6

FR diameter m 0.154

Particle properties

Mean particle size pm 135
Particle density kg/m3 3416
Active NiO content % 40

Operational condition
Operating pressure atm 1.0
Fuel power kW 150 - 250

Lower heating value of fuel MJ/kg 50

Inlet composition of FR — 98% CH4
Temperature in FR K 1100 - 1200
Wall temperature in AR K 1000
Global air-fuel ratio - 1.1

Table 8

simulation parameters.

Description Unit Value

No. of control volume — 22,800

Gas viscosity kg m~1s71  1.82x107°
Gas density kg/m3 1.2
Sphericity of particle - 1
Restitution coefficient of particles — 0.99

Initial bed height m 0.75

Time step s 1.0 x 10~4
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Air CH,
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Figure 1: (a) Sketch of the double loop circulating fluidized bed reactor [28]. (b) Schematic

of the 2D computational domain
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4.5 ® Experiment [A. Bischi et al. 2012]
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Figure 2: Comparison of pressure profiles between simulation and experimental results
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Figure 3: Comparison of pressure profiles between simulation and experimental results
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Figure 4: Comparison of fuel conversion between simulation and experimental results varying

the fuel power
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Figure 6: Solid mass flow at outlet vs. flow time
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Figure 7: Axial distribution of OC (a) and gas species (b)
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Figure 9: Axial distribution of CHy (a) and Oz (b) with different fuel power

35



—P,, =150 kW
sl - - =P, =175kw
‘‘‘‘‘ P, =200 kW
‘‘‘‘‘ =225 kW
E 4ar th
S — P =250 kW
= th
=2
23}
S
[$)
©
¢ 2t T__ =1100 K
FR
A =11
1,
0 ‘

Figure 10:

0.92

0.9

o
©
®©

Conversion [-]

0.82

0.8

1.

Gas velocity [m/s]

Axial distribution of gas velocity with different fuel power

FR 150kW

® XCH4

T.,=1100K
A =11

22 24
Fuel residence time [s]

8 2.6

Figure 11: Gas residence time with different fuel power

36




4
I Simulated ratio
3.5| I Optimal ratio
3 -
T
S
o 25}
T
a4
T 2l
=}
L
2 15}
3)
o]
l L
05}
0
150 175 200 225 250

Fuel power [kW]

Figure 12: OC to Fuel ratio with different fuel power

6
- ]
] 1 -
AR ' i ’ _Pth 150 kW
ol : i - - =P, =175kW
; 1! = = P =200 kW
! 1 th
vy == P =225kW
E 4f : (. th
= L — P =250kW
= N [ | th
% - ] 1
< 3t ! 1 ]
= ] —
% Lo : T, =1100K
& ol i I 1 A =11
]
! )
1r !,
A
N |}
i by |
1090 1100 1110 1120 1130 1140

OC temperature [K]

Figure 13: Axial distribution OC temperature with different fuel power

37



— TFR =1100 K
5 = = =1__ =1150K
‘‘‘‘‘ TFR =1200 K
4
=
2
23
S P_=175kwW
% th
& ol A =11
1l Zoom in FR
O 1 1
0 0.2 0.4 0.6 0.8 1
CH, concertration [-]
(a)
6
3 — T, =1100K
K
51 - = =T, =1150K
wy aa T, =1200K
E 4f
=
=)
25t
S P =175kwW
% th
CGKJ oL A =11
1k AR
0 1 1 1
0 0.05 0.1 0.15 0.2 0.25

O2 concertration [-]
(b)

Figure 14: Axial distribution of CHy (a) and Oz (b) with different FR temperature

38



	Introduction
	Experimental setup
	Computational model
	Fluid dynamics model
	Reaction kinetics model

	Interconnected reactor model and numerical considerations
	Computational domain
	Numerical implementation of the coupling between reactors
	Initial and boundary conditions
	Numerical Procedure

	Results and discussion
	Model validation
	Validation of the coupled CFB model
	Validation of the reaction model

	Chemical process performance in DLCFB
	Effect of operating conditions

	Conclusion

