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Abstract

In the context of post-combustion CO2 capture, adsorption-based processes are
considered a promising alternative to absorption technologies thanks to their lower
environmental impact, absence of corrosion problems, and potentially lower energy
requirements. In conventional Temperature Swing Adsorption (TSA) processes,
the adsorbent is packed in a series of fixed bed columns that cyclically alternate
between the adsorption and regeneration steps to separate the CO2 from the rest
of the flue gas components. One drawback of TSA systems for post-combustion
capture is the large temperature swings usually required to achieve high product
specifications in terms of both CO2 purity and recovery. These large temperature
swings do not only imply high energy penalties and parasitic losses, but also lead
to long cycle times, large system footprints, and low process productivity due to
the poor heat transfer within the packed beds.

One way to overcome the aforementioned limitations is by performing the
adsorption-desorption cycle in a Moving Bed Temperature Swing Adsorption
(MBTSA) system, whereby the adsorbent is circulated through different sections
that correspond to each cycle step. The main feature distinguishing moving and
fixed bed processes is that the former can be operated at steady state. This is
beneficial because it renders complex cycle schedules unnecessary and eliminates
the parasitic energy losses associated with intermittent heating/cooling of the heat
exchanger walls. The possibility to operate in steady state is also an advantage in
terms of internal heat recovery and process integration, which is particularly rel-
evant within post combustion applications where the power cycle can be adapted
to supply the heat required by the capture process in an efficient way. In view
of its potential advantages, and comparatively lower maturity level, the objective
of this thesis is to investigate the application of the MBTSA technology in the
context of post-combustion CO2 capture.

The design of an MBTSA system is a complex task involving a large num-
ber of inter-related process parameters such as the choice of adsorbent material,
process configuration, operating conditions, and the size and geometry of the com-
ponents. In this context, process modeling and simulation stands as an essential
tool for the conceptualization and analysis of new MBTSA systems. In order
to study the performance of the MBTSA technology for different applications, a
one-dimensional model of the process was developed. The model was obtained
by applying the mass, momentum and energy balances to the different sections
of the MBTSA system, and it was implemented in the gPROMS environment.
One distinguishing feature of the MBTSA model is that, instead of imposing a
fixed wall temperature in the heating and cooling sections, it includes additional
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energy balances for the heating/cooling fluid and heat exchanger walls. In addi-
tion, the model accounts for the internal heat recovery achieved when coupling
the preheating and precooling sections, which is necessary to reduce the external
energy duty required by the process.

The performance of the heat exchangers employed to provide and remove heat
from the sorbent depends largely on the sorbent-side heat transfer coefficient,
as it is the dominating thermal resistance between the gas/solid phases and the
heating/cooling fluid. The correct estimation of this parameter is therefore cru-
cial for the design of MBTSA systems. In order to assess the technology with
realistic parameters, the heat transfer coefficient on the sorbent side of a lab-scale
MBTSA apparatus was measured at different flow rates and temperatures. The
heat transfer coefficient increased with the flow rate of adsorbent particles, while
no dependence was observed on sorbent temperature. The heat transfer coeffi-
cients obtained (70–120 W/m2 K) were significantly higher than those typically
encountered in fixed bed configurations (10–50 W/m2 K). This confirmed that
the moving bed configuration has the potential to address one of the main limita-
tions of the fixed bed TSA technology for CO2 capture, namely, the low process
productivity due to the slow heating and cooling of the adsorbent.

The results of the experimental campaign were used to develop a correlation
for the sorbent-side Nusselt number as a function of the Péclet number. This
correlation was incorporated into the MBTSA computational model, which was
then used to design and analyse an MBTSA process for a waste-to-energy plant
with a power output of 16.8 MWel, a thermal output of 64.6 MWth, and an
exhaust flue gas flow rate of 56 kg/s with 11%vol CO2 concentration. Despite
the low selectivity of the activated carbon adsorbent considered, the proposed
MBTSA process reached high CO2 purity (97.2 %) and capture rate (90.8%).
These product specifications were achieved at the expense of adopting a high
regeneration temperature (187 ◦C) and solid-to-gas ratio (11.6 kg of adsorbent
per kg of flue gas). Nevertheless, the designed MBTSA system was able to attain
high process productivity (181 kgCO2/t adsh), which can be attributed to the short
cycle time associated with the fast heating and cooling of the adsorbent. The
results of the waste-to-energy case study indicate that the MBTSA technology is
suited to capture CO2 at high purity and recovery, while achieving higher process
productivity than fixed bed TSA processes. In addition, it is believed that the
thermal energy required by the proposed MBTSA system may be significantly
reduced by replacing the activated carbon material by other adsorbents having
higher capacity and selectivity towards CO2, such as zeolites or metal organic
frameworks (MOF).

This thesis also evaluated the suitability of the MBTSA technology in the
context of power generation from natural gas. The case study considered was an
800 MW Natural Gas Combined Cycle (NGCC) power plant with an exhaust gas
flow rate of 916 kg/s containing 5.15%vol of CO2. Two different MBTSA capture
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processes were proposed: one using a commercial zeolite 13X and other using a
novel CPO-27-Ni MOF adsorbent. The two systems were able to meet the target
specifications in terms of CO2 purity (> 95%) and capture rate (> 90%), while
achieving higher productivity than conventional fixed bed TSA processes. Even
if the separation performance of both processes was similar, the distinct physical
properties of the adsorbents led to different system dimensions and operating
conditions, demonstrating the flexibility of the MBTSA technology.

In addition, the influence of the capture system and its auxiliaries on the per-
formance of the power plant was analyzed by integrating the MBTSA model with
a process model of the NGCC power plant. The simulations showed that the
process using CPO-27-Ni required more thermal energy for sorbent regeneration
(125.6 vs 100.7 MWth). However, the energy penalty associated with the steam
extraction used as thermal input was lower (25.8 vs 29.1 MWel) because the steam
extraction was performed at lower temperature and pressure. This advantage was
partially offset by the higher pressure drop in the adsorption section of the MOF
process, which led to a higher power consumption in the flue-gas booster fans
(17.3 vs 10.1 MWel). Despite the distribution of the energy penalties associated
with the CPO-27-Ni and zeolite 13X processes was different, the net electric ef-
ficiency of the NGCC power plant was very similar in both cases. In particular,
both MBTSA capture processes led to a reduction of about 7 percentage points
with respect to the reference plant without CO2 capture.

Moreover, the proposed MBTSA processes were benchmarked against a state-
of-the-art absorption process using monoethanolamine (MEA) as solvent. One of
the main differences between the amine-based process and the MBTSA systems
is that the latter require an additional energy input to dry the flue gas because
the adsorbent materials considered (i.e., zeolite 13X and CPO-27-Ni) are incom-
patible with water. This drying process accounted for the 17% of the energy
penalty associated with the MBTSA capture systems. By contrast, the thermal
energy required, and hence the power penalty associated with steam extraction,
was significantly higher for the MEA process. Despite the breakdown of energy
penalties between the MBTSA systems and the MEA process was different, no
significant difference was observed in terms of overall power plant performance.
In particular, the net electric efficiency of the reference power plant was 63.1%,
while the efficiency of the power plant with CO2 capture was 54.7% for the case of
MEA, 56.1% for the MBTSA using CPO-27-Ni, and 56.2% for the MBTSA using
zeolite 13X. These results suggest that the MBTSA process applied to NGCC
power plants is suitable for capturing CO2 at high purity and high capture rate,
while being competitive with the state-of-the-art MEA capture process in terms of
energy penalty. Considering the much earlier stage of development of this technol-
ogy with respect to the MEA process, the MBTSA seems to offer a large potential
for process improvement and should be considered for further development.
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Chapter 1

Introduction

1.1 Background and motivation

Since the beginning of the industrial revolution, the emission of significant
quantities of greenhouse gases (GHG) deriving from human activities has altered
the composition of the atmosphere and contributed to an increase of the global
average temperature (IPCC 2018). In particular, anthropogenic emissions of car-
bon dioxide, resulting primarly from combustion of fossil fuels, are recognized
as the main driver for global warming (IPCC 2018). The International Energy
Agency assessed that the stabilization of GHGs requires a portfolio of mitigation
actions, as a single technology cannot provide sufficient emission reductions (IEA
2019). Such portfolio of approaches includes decarbonizing the electricity genera-
tion (i.e., reducing the CO2 emissions from the energy supply sector), increasing
the use of nuclear and renewable energy sources, and increasing energy efficiency.

In particular, carbon capture and storage (CCS) is considered a key technology
to drastically reduce the carbon footprint of the power generation sector (IPCC
2005; Liang et al. 2016). CCS is a term describing the route of capturing carbon
dioxide from large point sources, compressing it and transporting it to a suitable
geological formation for permanent underground storage. When the CO2 is sep-
arated from flue gases of conventional power plants, the technology is referred to
as post-combustion capture (PCC) (IPCC 2005). One of the advantages of PCC
is that the capture system can be retrofitted to existing plants and it is relatively
easy to implement, as it does not affect the core process of the plant (Nord et al.
2020). Although the costs associated with the application of this technology are
currently high, post-combustion capture is receiving increased attention because
of the realization that many existing power stations will continue to operate for
decades (Bui et al. 2018; Nord et al. 2020).

In the context of post-combustion CO2 capture, adsorption-based processes are
considered a promising alternative to the current benchmark technology based on
amine solutions, which suffers from high energy consumption and environmental
impact, as well as corrosion issues related to solvent degradation (Bui et al. 2018;
Sjostrom et al. 2010). Adsorption-based processes make use of porous solids capa-
ble of: i) removing the CO2 from the flue gas by selectively adsorbing it onto their
surface and ii) releasing the adsorbed CO2 when subjected to a change of pressure
or temperature. The former property enables the separation of the CO2 from the
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rest of the flue gas components, while the latter is responsible for the regenera-
tion of the adsorbent, enabling a cyclic operation and permitting the recovery of
CO2 in a high purity stream. When the regeneration of the adsorbent is carried
out by reducing the pressure of the system, the process is referred to as Pres-
sure Swing Adsorption (PSA) or Vacuum Swing Adsorption (VSA), depending
on the operating pressure, while the term Temperature Swing Adsorption (TSA)
is used to indicate processes where the adsorbent is regenerated by an increase in
temperature upon external heat supply. In large-scale post-combustion capture
applications, the CO2 has to be purified from low-concentration, low-pressure, and
high-volume-flow-rate flue gases; and regeneration via temperature swing seems
to be the most appropriate option (Ruthven 1984; Wankat 2006; Bui et al. 2018;
Sjostrom et al. 2010).

In conventional TSA processes, the adsorbent is normally shaped as beads or
pellets and packed in a series of columns that cyclically alternate between the
adsorption and regeneration steps. One of the drawbacks of fixed bed processes
in applications involving large flow rates, such as post-combustion capture, is the
high pressure drop occurring across the packed bed unless the adsorbent pellets
are replaced by advanced structured adsorbents (e.g., honeycomb monolith, hollow
fibers, spaced sheets)(Akhtar et al. 2014; Rezaei et al. 2010; Masala et al. 2017b;
Farmahini et al. 2021). Another important factor hampering the commercializa-
tion of TSA systems for post-combustion CO2 capture is that a large temperature
swing is often required (Hefti et al. 2018; Morales-Ospino et al. 2021) to achieve
the demanding product specifications in terms of both CO2 purity and recovery
(Joss et al. 2017). These large temperature swings do not only imply high energy
penalties and parasitic losses, but also lead to long cycle times due to the poor
heat transfer within the packed bed (Bonjour et al. 2004; Plaza et al. 2017; Zanco
et al. 2021). This, in turn, results in large sorbent inventories, low process produc-
tivity, and large system footprints, which makes conventional TSA processes less
competitive with respect to other post-combustion technologies (Bonjour et al.
2005; Rezaei et al. 2010; Zanco et al. 2017; Zanco et al. 2021).

One way to overcome the aforementioned challenges is by performing the
adsorption-desorption cycle in a moving bed system, rather than in the tradi-
tional fixed bed configurations (Knaebel 2005). In the moving bed process, the
temperature swing is achieved by circulating the adsorbent through sections at dif-
ferent temperatures. Each of these sections has a specific purpose and corresponds
to a different step: adsorption, desorption and cooling. In contrast to fixed bed
processes, in which the same column is operated at variable conditions according
to the cycle schedule, each section of the moving bed system can be designed and
operated according to its specific purpose. This offers interesting opportunities
for system optimization, aiming, for example, to reduce the pressure drop within
the adsorption section, or to enhance heat transfer in the desorption and cooling
sections, so that a more compact design and higher productivity can be achieved.
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Furthermore, the moving bed temperature swing adsorption (MBTSA) process
offers the possibility to internally recover part of the heat needed for sorbent
regeneration and thus reduce the external energy duty of the process (Knaebel
2005; Kim et al. 2013; Morales-Ospino et al. 2021). Another major feature distin-
guishing moving bed from fixed bed processes is that the former can be operated
at steady state, avoiding complex cycle scheduling (Plaza et al. 2017; Kim et al.
2013) and the parasitic losses associated with intermittent heating/cooling of the
heat exchanger walls (Bonjour et al. 2004; Bonjour et al. 2005). The possibility
to operate in steady state is also an advantage in terms of process control and
integration (Kim et al. 2013), which is particularly relevant within post combus-
tion applications where: (i) the flow rate and composition of flue gases from the
upstream power plant can vary over time (Montañés et al. 2018; Rúa et al. 2020),
(ii) the power cycle can be appositely modified to supply the heat required by the
capture process (Mondino et al. 2019).

The concept of moving bed temperature swing adsorption process was first in-
troduced in the ’40s by Berg (1945) for fractionating hydrocarbons. Only recently
the same concept has been applied for CO2 capture purposes, first by Knaebel
(2005) who suggested the use of hot flue gas for indirect sorbent heating, and later
by Hornbostel and co-workers (M. D. Hornbostel et al. 2013; M. D. Hornbostel
et al. 2015; M. Hornbostel 2016), who tested a large bench scale moving bed sys-
tem employing steam for direct heating of the adsorbent. Pilot-scale design and
testing of a moving bed process for CO2 capture was performed also by Okumura
et al. (2014); Okumura et al. (2017), who used an amine impregnated adsorbent
regenerated by low-temperature steam in a direct-contact type heat exchanger.
The main advantage of direct sorbent heating is that it is possible to achieve fast
heat transfer rates due to intense mixing between sorbent particles and heating
fluid. However, this type of configuration prevents the use of sorbents materials
that are incompatible with the heat transfer fluid and compromises the use of in-
ternal heat recovery, which is crucial to minimize the process energy use. In this
context, the group of Kim et al. (Kim et al. 2013; Kim et al. 2014; Son et al. 2014)
proposed a moving bed process with an internal heat integration scheme, where
part of the energy required for sorbent regeneration is recovered from the heat
generated during the adsorption step using indirect-contact heat exchangers. The
same type of indirect-contact heat exchanger for MBTSA processes was employed
in the recent study carried out by Morales-Ospino et al. (2021), who confirmed
that internal heat recovery has a great potential to limit the energy penalty of
the process.

The success of this heat integration is largely dependent on the performance of
the indirect-contact heat exchanger employed to provide and remove heat from the
sorbent. In particular, the estimation of the sorbent-side heat transfer coefficient
is crucial for the design of the MBTSA system because it represents the limiting
thermal resistance between the gas/solid phases and the heating/cooling fluid.
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The convective heat transfer to the flowing sorbent is determined by several fac-
tors, including the flow pattern, particle mixing, contact area between sorbent and
hot surfaces, as well as the sorbent residence time. The effective heat transfer is
therefore affected not only by the geometry of the system (e.g., tube arrangements
and shape, hydraulic diameters, pitching) or operating conditions (e.g., temper-
atures of heating/cooling fluid, flow rates), but also by specific properties of the
bulk solid that influence its flowability (e.g., particle shape, size, density). Several
studies investigated the heat transfer mechanisms in moving bed heat exchangers
employing bulk solids as working fluid, both computationally (Campbell 1990;
W.-S. Lee et al. 1998; Isaza et al. 2015) and experimentally (Niegsch et al. 1994;
Baird et al. 2008; Al-Ansary et al. 2012; Baumann et al. 2015). As an example,
the recent works by Qoaider et al. (2017); Dai et al. (2020) analyzed how differ-
ent materials, including glass beads, corundum, sand, basalt or mixtures thereof,
result in different flow characteristics. Other studies focused on different system
geometries and configurations, considering for example moving packed beds with
and without gas flow (Baird et al. 2008), or comparing horizontal tubes, vertical
tubes, parallel plates, and finned tubes (Al-Ansary et al. 2012). The influence
of the tube shapes on the local heat transfer has also been investigated by Tian
et al. (2020), who compared circular cross-sectioned tubes with elliptical shaped
ones. One of the conclusions from the surveyed literature is that the convective
heat transfer coefficient of flowing solid particles in moving bed heat exchangers is
case-specific and hard to estimate without experimental data (Obuskovic 1988).

Another factor hindering the development of the MBTSA technology is the
lack of an established method to design a process for a given flue gas specifica-
tion. The design of an MBTSA system is a complex task that involves a large
number of inter-related process parameters such as the choice of adsorbent ma-
terial, process configuration, size and geometry of the different components, and
operating conditions. In this context, process modeling and simulation is an essen-
tial tool for the conceptualization and analysis of new MBTSA systems. Provided
that the model captures all relevant physical mechanisms, process simulations can
be used to evaluate the system performance under different conditions. This, in
turn, can help the designer to gain a better understanding of the process and serve
as a basis to improve the design until the desired performance targets are met.
In view of these advantages, process simulation has been a popular tool for the
design of post-combustion PSA/VSA (Liu et al. 2011; Krishnamurthy et al. 2014;
Farmahini et al. 2021) and TSA cycles (Plaza et al. 2017; Joss et al. 2017; Lillia et
al. 2018). By contrast, modeling and simulation of MBTSA processes has lagged
behind due to the early stage of development of this technology. In fact, only a
handful of recent computational studies attempted to model MBTSA processes for
post-combustion CO2 capture (Kim et al. 2013; Son et al. 2014; Morales-Ospino
et al. 2021). These works employed sophisticated numerical models to evaluate
the performance of the MBTSA technology for different process configurations
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and operating conditions. However, one limitation common to these studies is
that they did not consider the impact of the capture process on the power plant
(Morales-Ospino et al. 2021), or did so in a simplified way that ignored the change
in the power plant operating conditions (Kim et al. 2013; Son et al. 2014). As a
result of this limitation, it is not possible to establish a fair comparison between
the MBTSA processes analyzed in these works and the state-of-the-art amine-
based absorption technology (Nord et al. 2020). Indeed, proper benchmarking
of different CO2 capture technologies requires their modeling and simulation in
combination with a detailed power plant model (Kvamsdal et al. 2014). However,
to the knowledge of the author, the integration of the MBTSA process with a
power plant model has not yet been documented.

1.2 Objectives

Considering the knowledge gaps identified in the previous section, the aim
of this thesis is to advance the development of the MBTSA process for post-
combustion CO2 capture as alternative to the energy-intensive capture technolo-
gies currently in use. In the accomplishment of this main goal, the following
objectives were identified:

• Development and implementation of a mathematical model describing the
behavior of the MBTSA process. This model will serve as basis for process
design and simulation.

• Experimental determination of the convective heat transfer coefficient on an
indirect-contact heat exchanger suitable for sorbent heating in MBTSA sys-
tems. This heat transfer coefficient shall be used to complement the MBTSA
model, thus allowing realistic predictions of the required heat transfer area
and associated system footprint.

• Selection of suitable adsorbents for separation of CO2 from post-combustion
flue gases. To this aim, both commercial, as well as novel adsorbent mate-
rials shall be considered and compared. The identified adsorbents shall be
characterized in terms of their adsorption properties to provide the model
parameters required in process simulations.

• Design and analyze MBTSA processes for efficient separation of CO2 for
different post-combustion applications. To this aim two case studies will be
considered:

1. A natural gas combined cycle (NGCC) power plant.

2. A combined heat and power (CHP) waste-to-energy plant.

The proposed processes shall be evaluated in terms of process performance
indicators including CO2 purity, capture rate, energy requirement, and sys-
tem footprint.
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• Development and implementation of an NGCC power plant model to be
coupled with the MBTSA process model. The integrated model shall be
used to investigate the impact of the capture system on the performance of
the power plant.

• Comparison of the integrated NGCC-MBTSA process with a reference case
consisting of the NGCC power plant coupled with a benchmark absorption
process. The aim of this analysis is to evaluate the competitiveness of the
MBTSA process with respect to the state-of-the-art capture technology.

1.3 Contributions

The main contributions of this thesis can be summarized as follows:

• A one-dimensional dynamic model based on the transport equations for
mass, momentum and energy along the axial direction of the MBTSA system
was developed and implemented in the gPROMS software.

• Experimental work was carried out in a lab-scale moving bed apparatus
with the aim to determine the heat transfer coefficient within a cross-flow
shell-and-tube heat exchanger employed for sorbent heating. A correlation
fitting the experimental results was proposed and used to complement the
MBTSA process model.

• Two commercial adsorbents, namely activated carbons and zeolite 13X, as
well as a novel CPO-27-Ni metal-organic framework (MOF) adsorbent were
selected as suitable candidates for the MBTSA capture process. Their affin-
ity towards CO2 and N2 was quantified by means of adsorption isotherms
measurements at temperature and pressure conditions relevant for post-
combustion applications. Model parameters were obtained by fitting the
collected experimental data with a Virial isotherm model.

• An MBTSA process using activated carbons was designed for the waste-to-
energy case study aiming to achieve high CO2 purity and capture rate. The
proposed MBTSA process was evaluated via numerical simulations in terms
of system footprint, process productivity and energy duty.

• Two MBTSA processes using zeolite 13X and CPO-27-Ni MOF were de-
signed for the NGCC case study and compared in terms of their separation
and energy performances.

• A plant-level model of a state-of-the-art NGCC power plant was imple-
mented in Thermoflex software and integrated with the MBTSA process
model. The integrated model was used to carry out an in-depth analysis of
the energy coupling between the MBTSA process and the power plant. The
performance of the proposed NGCC-MBTSA systems using zeolite 13X and
CPO-27-Ni MOF were compared to an amine-based capture process.
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1.4 Thesis structure

This thesis is structured as a monograph that comprises this introduction, five
chapters based on the contents of three journal articles, and a final chapter that
summarizes the conclusions of this dissertation and proposes directions for further
work. A brief summary of the five core chapters is provided below:

Chapter 2 describes the MBTSA process configuration considered in this
thesis and provides a definition of the performance indicators used evaluate the
process. In addition, the system of partial differential equations and boundary
conditions used to model the MBTSA process are presented, and the simulation
environment used to solve the model is described.

Chapter 3 documents the experiments performed in a lab-scale moving bed
apparatus with the aim to determine the heat transfer coefficient of an activated
carbon adsorbent flowing in a cross-flow shell-and-tube heat exchanger. In ad-
dition, the results obtained are used to develop a heat transfer correlation that
complements the MBTSA model presented in Chapter 2.

Chapter 4 analyzes the suitability of the MBTSA technology to capture CO2

from the flue gas of a waste-to-energy power plant. To this aim, an MBTSA
process using an activated carbon adsorbent is designed and analyzed using the
computational model presented in Chapter 2. The proposed MBTSA system is
evaluated in terms of different performance indicators, including CO2 separation
performance, system footprint, process productivity and energy duty.

Chapter 5 considers the utilization of the MBTSA technology as an alterna-
tive to absorption-based technologies for CO2 capture in the context of NGCC
power plants. To this aim, an MBTSA process using a zeolite 13X adsorbent is
designed, and the system behavior is investigated under different operation condi-
tions. Furthermore, the impact of the MBTSA process on plant performance was
analyzed by integrating the capture system with a detailed model of the power
plant. Finally, the power plant model was coupled with an amine-based absorption
process, and the performance of the two capture technologies was compared.

Chapter 6 evaluates the suitability of a novel adsorbent material, namely the
CPO-27-Ni MOF, as a candidate for MBTSA post-combustion processes. To this
aim, an MBTSA process using the CPO-27-Ni MOF adsorbent is designed for the
NGCC case study considered in Chapter 5, and the performance of the capture
system is evaluated in terms of different performance indicators. In addition the
proposed MBTSA process is integrated with the model of the NGCC power plant
to analyze how the presence of the capture process affects the overall performance
of the system. Finally, the results obtained for the CPO-27-Ni adsorbent are
compared with those obtained with zeolite 13X and benchmarked against the
amine-based absorption process.
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1.5 Publications and scientific dissemination

1.5.1 Journal articles

The research carried out during this Ph.D. project resulted in three publica-
tions in international peer-reviewed journals that are included in this thesis and
are subject to evaluation.

1. G. Mondino, C. A. Grande, R. Blom, and L. O. Nord (2019). “Moving Bed Tem-
perature Swing Adsorption for CO2 Capture from a Natural Gas Combined Cycle
Power Plant”. International Journal of Greenhouse Gas Control 85, pp. 58–70.

2. G. Mondino, A. I. Spjelkavik, T. Didriksen, S. Krishnamurthy, R. E. Stensrød, C. A.
Grande, L. O. Nord, and R. Blom (2020). “Production of MOF Adsorbent Spheres
and Comparison of Their Performance with Zeolite 13X in a Moving-Bed TSA
Process for Postcombustion CO2 Capture”. Industrial & Engineering Chemistry
Research 59.15, pp. 7198–7211.

3. G. Mondino, C. A. Grande, R. Blom, and L. O. Nord (2021). “Evaluation of
MBTSA Technology for CO2 Capture from Waste-to-Energy Plants”. International
Journal of Greenhouse Gas Control [accepted].

1.5.2 Conference and seminar presentations

A. Moving Bed Temperature Swing Adsorption (MBTSA) for post combustion CO2

capture. Poster at the CCS Summer School, organized by IEAGHG. Trondheim,
Norway, June 2018.

B. Design, construction, adsorbents and evaluation of a moving bed temperature swing
adsorption (MBTSA) pilot reactor for post combustion CO2 capture. Poster at the
14th Greenhouse Gas Control Technologies Conference (GHGT-14), organized by
IEAGHG. Melbourne, Australia, October 2018.

C. Moving bed temperature swing adsorption for CO2 capture from a natural gas
combined cycle power plant. Oral presentation at the 14th Greenhouse Gas Con-
trol Technologies Conference (GHGT-14), organized by IEAGHG. Melbourne, Aus-
tralia, October 2018.

D. Moving Bed Temperature Swing Adsorption (MBTSA) for post combustion CO2

capture. Poster at the Advanced Process Modelling Forum 2019, organized by Pro-
cess System Enterprise. London, UK, March 2019.

E. Moving bed temperature swing adsorption (MBTSA) for CO2 capture from a nat-
ural gas combined cycle power plant. Poster at The 10th Trondheim Conference
on CO2 Capture, Transport and Storage (TCCS-10), organized by SINTEF Energy
AS. Trondheim, Norway, June 2019.

F. Moving bed temperature swing adsorption (MBTSA) technology for post-combustion
CO2 capture. Oral presentation at the 5th Post Combustion Capture Conference
(PCCC-5), organized by IEAGHG. Kyoto, Japan, Sept. 2019.
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Chapter 2

MBTSA for post-combustion
CO2 capture

The present chapter describes the MBTSA process configuration considered in
this thesis, as well as the indicators used for performance evaluation. Moreover, a
detailed mathematical model of the process is presented, followed by a description
of its computer implementation. The model documented herein serves as the basis
for the design and performance evaluation of the MBTSA processes analysed in
the remaining of this thesis.

2.1 Process description

A schematic diagram of the MBTSA process is shown in Figure 2.1. The sys-
tem comprises five main sections through which the adsorbent circulates, namely
the adsorption, preheating, desorption, precooling and cooling sections. The sep-
aration of the CO2 from the rest of the flue gas takes place within the adsorption
section, where the gas flows upwards in a counter-current way with respect to the
adsorbent that moves downwards. While the CO2 is preferentially adsorbed onto
the adsorbent, the non-adsorbing gases (i.e., the CO2-free product) are vented
to the atmosphere from the top outlet of the adsorption section. In order to en-
sure uniform distribution of the sorbent flow, the adsorption section is filled with
structured packing consisting of corrugated and perforated metal plates, similar
to those used in absorption columns.

The adsorbent reaching the bottom outlet of the adsorption section is loaded
with CO2 and needs to be regenerated. The thermal energy required for sorbent
regeneration is provided within the preheating and desorption sections, both op-
erated as indirect-contact heat exchangers. The preheating section is used first
to heat the adsorbent to a certain extent by means of internally recovered heat,
while the desorption section is used to provide additional heat to the sorbent until
reaching the target desorption temperature. The desorbing CO2 is collected in
a CO2-rich stream at the bottom end of the desorption section. Light vacuum
(about 90 kPa) is applied to assist the desorption and direct the desorbing gas
towards the extraction point.
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Figure 2.1: Schematic diagram of the simulated MBTSA process.

The remaining sections, precooling and cooling, are used to bring the adsorbent
back down to the adsorption temperature. If complete regeneration is not achieved
within the desorption section, the remaining CO2 is recovered by purging the
adsorbent in the cooling and precooling sections with a small fraction of the CO2-
free product. Ultimately, the regenerated the adsorbent is transported back to
the top of the unit, closing the cycle.

2.2 Performance indicators

The performance of adsorption-based separation processes is usually assessed
by means of four main indicators: product purity, product recovery, process pro-
ductivity and specific energy duty (Yang 1987; Grande 2012). With reference to
the MBTSA process for post-combustion CO2 capture considered in this thesis,
see Figure 2.1, these performance indicators are defined as follows.
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The CO2 purity corresponds to the molar fraction of CO2 in the CO2-rich
product:

CO2 purity =
ṅCO2,CO2-rich gas

ṅtot,CO2-rich gas
· 100, (2.1)

where ṅ denotes the molar flow rate.

The recovery, also referred to as capture rate, is defined as the ratio between
the amount of CO2 in the CO2-rich product (i.e., moles of CO2 captured per unit
time) and the amount of CO2 in the flue gas (i.e., amount of CO2 fed to the
system per unit time):

CO2 recovery =
ṅCO2,CO2-rich gas

ṅCO2,flue gas
· 100. (2.2)

The process productivity, also referred to as adsorbent productivity, is calcu-
lated as the ratio between the mass flow rate of CO2 in the CO2-rich product and
the total sorbent inventory:

Productivity =
ṁCO2,CO2-rich gas

ṁs · tcycle
. (2.3)

The sorbent inventory is the amount of adsorbent needed to complete a full cycle,
and it is given by the product of sorbent flow rate, ṁs, and the total cycle time,
tcycle. The latter is obtained as the sum of the residence times in each section.

Lastly, the specific energy duty refers to the amount of energy required to cap-
ture one kilogram of CO2. In this thesis, the specific energy duty was calculated
as the ratio between the heat flow rate provided in the desorption section and the
amount of CO2 captured per unit of time,

Specific energy duty =
Q̇desorption section

ṁCO2,CO2-rich gas
. (2.4)

2.3 Mathematical model

In this work, the MBTSA process is described by means of a one-dimensional
mathematical model obtained by applying the mass, momentum and energy bal-
ances to the different sections (adsorption, preheating, desorption, precooling and
cooling), each of which is connected to the adjacent ones through appropriate
boundary conditions. Although the numerical value of certain design parame-
ters (e.g., void fraction, section height, etc.) and operating conditions differ from
section to section, the model equations and the underlying assumptions are the
same for each section: negligible gradients in the radial direction, constant cross
sectional area, constant sorbent velocity, uniform and constant void fraction, and
ideal gas behavior in the bulk phase. The resulting set of partial differential equa-
tions, together with other supplementary equations and correlations used in the
model are given in the following subsections.
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2.3.1 Transport equations

Mass balance in the gas phase

The gas phase concentration profiles along the section height are predicted by
solving the mass balance in the gas phase for each species:

εc
∂Ci

∂t
+
∂(uCi)

∂z
= εc

∂

∂z

(
Dz,iCT

∂Yi
∂z

)
−

(1−εc − ξ) a′kf,i

Bii/5 + 1
(Ci − Cp,i), (2.5)

where the index i corresponds to each component of the gas mixture, t is the
time; z the position along the section height; Ci, Cp,i, and Yi the concentration in
the bulk gas, the concentration in the macropores, and the molar fraction in the
bulk gas, respectively; εc the column void fraction; ξ the volume fraction occupied
by structured packing; Dz,i the axial dispersion coefficient; u the superficial gas
velocity; a′ the adsorbent particle specific area; kf,i the film mass transfer coeffi-
cient; and Bii the Biot number. In addition, CT is the total concentration in the
bulk gas, and it is computed with the ideal gas equation of state:

CT =
∑
i

Ci =
P

RT
, (2.6)

where P and T are the pressure and temperature in the bulk gas, respectively,
and R is the universal gas constant.

Mass balance in the macropores

Using the linear driving force (LDF) approximation to express the mass trans-
fer rate from the bulk gas to the pores, and from the pores to the adsorbed phase,
the mass balance in the macropores is given by:

εp
∂Cp,i

∂t
+ vs

∂Cp,i

∂z
= εp

15Dp,i

r2
p

Bii
5+Bii

(
Ci − Cp,i

)
− ρp

15Dc,i

r2
c

(
q∗i − qi

)
, (2.7)

where rp is the particle radius, Dp,i the macropore diffusivity, ρp the particle
density, qi the adsorbed concentration of component i, and vs the velocity of the
adsorbent.

Mass balance in the solid phase

The adsorbent loading profiles are computed from the mass balance in the solid
phase:

∂qi
∂t

+ vs
∂qi
∂z

=
15Dc,i

r2
c

(
q∗i − qi

)
, (2.8)

where 15Dc,i/r
2
c is treated as a single parameter representing the adsorption rate

of component i, and q∗i is the adsorbed concentration of component i in equilib-
rium with the corresponding local concentration in the macropore (Cp,i). The
adsorption equilibrium is described using the extension of the Virial isotherm
model for multicomponent systems, see Section 2.3.3.
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Momentum balance

The pressure gradient along the sections was computed according to:

∂P

∂z
=

150µg(1− εc)
2

ε3
cd

2
p

u+
1.75(1− εc)ρg

ε3
cdp

u|u|, (2.9)

where P is the total pressure in the bulk gas, dp is the particle diameter, µg is the
gas viscosity, and ρg the gas density. This equation was proposed by Ergun (1952)
and it is commonly used to estimate pressure losses in packed bed adsorption
processes.

Energy balances

The gas and adsorbent temperatures (T and Ts) are predicted by solving the
energy balances in the gas, Eq. (2.10), and solid phases, Eq. (2.11), respectively.

εcCTĉv
∂T

∂t
+ uCTĉp

∂T

∂z
=

∂

∂z

(
λg
∂T

∂z

)
+ εcRT

∑
i

∂Ci

∂t
−

(1−εc − ξ) a′hgs (T − Ts)− αgthgt (T − Tt)

(2.10)

[
(1− εc − ξ)ρpcp,s + ξρpkcp,pk

](∂Ts

∂t
+ vs

∂Ts

∂z

)
= ξ

∂

∂z

(
λpk

∂Ts

∂z

)
+

(1− εc − ξ)a′hgs(T − Ts) + (1− εc − ξ)ρp

∑
i

(
−∆Hi

[
∂qi
∂t

+ vs
∂qi
∂z

])
+

(1− εc − ξ)εpRTs

∑
i

[
∂Cp,i

∂t
+ vs

∂Cp,i

∂z

] (2.11)

In the previous equations, ∆Hi represents the heat of adsorption of component
i, hgs the film heat transfer coefficient between the gas and the solid, hgt the
convective heat transfer coefficient between the gas and the tubes wall, αgt the
heat transfer area per unit volume, Ts the temperature of the sorbent, Tt the
temperature of the tubes wall, ĉv and ĉp the gas molar heat capacities at constant
volume and constant pressure, respectively, cp,s the specific heat capacity of the
sorbent, cp,pk the specific heat capacity of the packing, ρpk the density of the
packing, λg and λpk the heat axial dispersion coefficient of the gas and the packing,
respectively, and R the universal gas constant.

In addition, in the sections operated as indirect-contact heat exchanger, the
temperature of the tubes wall (Tt) and the temperature of the heating/cooling
fluid (Tf) are respectively given by:

ρtcp,t
∂Tt

∂t
= αt,exthgt(T − Tt)− αt,inthft(Tt − Tf) and (2.12)

ρfcp,f
∂Tf

∂t
+ ufρfcp,f

Lz

Lx

∂Tf

∂z
= −αt,inthft(Tf − Tt), (2.13)
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Chapter 2. MBTSA for post-combustion capture

where the subscript t refers to the tubes wall, the subscript f refers to the heat-
ing/cooling fluid, αt,ext and αt,int are the external and internal heat transfer areas
per unit of fluid volume, hft is the convective heat transfer coefficient between the
heating/cooling fluid and the heat exchanger tubes, and the ratio Lx/Lz is the
distance travelled by the heating/cooling fluid per unit of height.

Eq. (2.12) was derived assuming that the thermal conduction resistance of the
walls is negligible, while taking into account the effect of the thermal capacity
of the heat exchanger walls. On the other hand, Eq. (2.13) was derived consid-
ering a heat exchanger with a cross-flow shell-and-tube configuration, whereby
the heating/cooling fluid flows within horizontal tubes. To this end, the energy
balance was applied to a single tube along the direction of the fluid flow (x). The
horizontal coordinate (x) was then converted to the axial coordinate along the
section (z) by assuming a linear dependence of the tube length (Lx) with respect
to the section length (Lz).

2.3.2 Transport parameters

The transport parameters appearing in the mass and energy balance equations
are computed using the semi-empirical correlations indicated in this section.

Mass transfer parameters

The axial dispersion coefficients (Dz,i) controlling the diffusion term of the gas
mass balances, Eq. (2.5), are obtained from the correlation proposed by Wakao
et al. (1978):

Dz,i =
Dm,i

εc
(20 + 0.5 Sci Re), (2.14)

where the Schmidt and Reynolds numbers are defined as

Sci =
µgρg

Dm,i
and Re =

ρgu dp

µg
, (2.15)

with ρg and µg being the gas density and viscosity, respectively, and dp the particle
diameter. The molecular diffusivities (Dm,i) are approximated with the Wilke
correlation (Wilke 1950):

Dm,i =
1− Yi∑n
j 6=i

Yi
Dij

. (2.16)

where the binary diffusivity (Dij) is given by (Bird et al. 2002):

Dij =
0.01883 T 3/2

P σ2
ij ΩDij

√
1

Mw,i
+

1

Mw,j
, (2.17)

with Mw being the molecular weight of the gas species, σij the Lennard-Jones
parameter, and ΩDij the diffusion collision integral.
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2.3. Mathematical model

The source term of the gas mass balances, Eq. (2.5), involves the film mass
transfer coefficients (kf,i) and the Biot number of the adsorbent particles (Bii).
The former is estimated with the Sherwood number correlation proposed by
Wakao et al. (1978):

Shi =
kf,idp

Dm,i
= 2.0 + 1.1Re0.6Sci

1/3, (2.18)

while the Biot number is defined as

Bii =
rpkf,i

εpDp,i
, (2.19)

where rp is the particle radius, εp is the particle porosity and Dp,i the macropore
diffusivity. The macropore diffusivity is computed using the relation proposed by
Yang (1987):

1

Dp,i
= τp

(
1

DKn,i
+

1

Dm,i
,

)
(2.20)

where τp is the particle tortuosity, and DKn is the Knudsen diffusivity, which is
computed according to (Ruthven 1984):

DKn,i =
2

3
rpore

√
8

π

RT

Mw,i
. (2.21)

Lastly, the rate of adsorption of each component (15Dc,i/r
2
c), appearing in Eq. (2.7)

and Eq. (2.8), is assumed to have a dependency on temperature given by an Ar-
rhenius equation:

15Dc,i

r2
c

=
15D0

c,i

r2
c

exp

(
−Ea,i

RT

)
, (2.22)

where the term 15D0
c,i/r

2
c represents the adsorption rate at infinite temperature

and Ea,i the activation energy of micropore/crystal diffusion.

Heat transfer parameters

In analogy with mass dispersion in the gas phase, the axial thermal dispersion
coefficient (λg) appearing in the gas energy balance, Eq. (2.10), is obtained from
the empirical correlation proposed by Wakao et al. (1979):

λg = kg(7 + 0.5 Pr Re), (2.23)

where the Prandtl number is defined as

Pr =
cp,gµg

kg
, (2.24)
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Chapter 2. MBTSA for post-combustion capture

with kg being the gas thermal conductivity. In addition, the convective heat trans-
fer coefficient between gas and solid (hgs) is computed with the Nusselt number
correlation proposed by Wakao et al. (1979):

Nu =
hgsdp

kg
= 2.0 + 1.1Re0.6Pr1/3. (2.25)

Lastly, the convective heat transfer coefficient between the heat exchanger tubes
and the gas (hgt) also needs to be specified. This parameter is case specific as it
depends on a number of factors, including the geometry of the heat exchanger, the
shape and size of adsorbent particles, and the flow pattern of the adsorbent and gas
moving through the system. To the author’s knowledge, there are no correlations
available to estimate the heat transfer coefficient for flowing adsorbent particles in
cross-flow shell-and-tube heat exchangers. To address this limitation, a series of
experiments were carried out in a moving bed apparatus with the aim to develop
a correlation for the required heat transfer coefficient. The details about this
experimental work are presented in Chapter 3.

2.3.3 Adsorption equilibrium

Adsorption equilibrium between the gas in the macropores and the adsorbed
phase is described with the multi-component extension of the Virial isotherm
model (Taqvi et al. 1997; Talu 1998; Grande et al. 2008; Shen et al. 2010) that
takes into account competitive adsorption of the different species in the gas mix-
ture:

Pi =
q∗i
KH,i

exp

 N∑
j=1

Aijq
∗
j +

N∑
j=1

N∑
k=1

Bijkq
∗
j q
∗
k +

N∑
j=1

N∑
k=1

N∑
l=1

Cijklq
∗
j q
∗
kq
∗
l

 (2.26)

The mixing Virial coefficients (Aij , Bijk, Cijkl) are calculated based on the pure-
component adsorption isotherm parameters as:

Aij =
Ai +Aj

2
, Bijk =

Bi +Bj +Bk

3
and Cijkl =

Ci + Cj + Ck + Cl

4
.

(2.27)
In turn, the pure-component isotherm parameters are obtained by fitting exper-
imental data to the pure-component Virial equation (Lopes et al. 2009; Grande
et al. 2008):

Pi =
q∗i
KH,i

exp(Aiq
∗
i +Biq

∗2
i + Ciq

∗3
i ), (2.28)

where subscript i indicates the adsorbate (CO2 or N2), Pi is the partial pressure,
q∗i the amount adsorbed at equilibrium, and KH,i the Henry’s law constant. The
temperature dependence of the Virial coefficients Ai, Bi and Ci was expressed by

Ai = A0,i +
A1,i

Ts
, Bi = B0,i +

B1,i

Ts
, and Ci = C0,i +

C1,i

Ts
; (2.29)
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2.3. Mathematical model

while the dependence of the Henry’s law constant with temperature was given by
the Van’t Hoff equation:

KH,i = K∞H,i exp

(
−∆Hi

RTs

)
, (2.30)

where K∞H,i is the adsorption constant at infinite temperature, ∆Hi the heat of
adsorption at zero coverage, and R the universal gas constant.

2.3.4 Boundary conditions

To solve the set of partial differential equations given in Section 2.3.1, appro-
priate boundary conditions need to be provided at the inlet and outlet of each
MBTSA section. Table 2.1 contains the complete set of boundary conditions,
sorted by section, inlet and outlet position, and corresponding transport equa-
tion. Different types of boundary conditions were applied to reflect the actual
behavior of the system. For instance, Danckwerts boundary conditions are used
for the mass and energy balances of the gas phase when the section is fed with a
gas stream. This is the case for the flue gas in the adsorption section or the purge
gas in the cooling section. Dirichlet boundary conditions are used to impose the
gas velocity at the inlet and the pressure at the outlet of each section. The same
type of boundary conditions are applied to specify the temperature and adsorbed
concentration of the solid phase. In this case, the values assigned at the inlet
correspond to the values computed at the outlet of the previous section. Lastly,
zero-gradient conditions are imposed for some of the variables, such as the gas
concentration and temperature at the top of each section.

2.3.5 Model implementation

The set of partial differential equations describing the MBTSA is a large-scale
system that requires powerful simulation tools to be solved. In this work, the
numerical simulations of the MBTSA system were carried out in gPROMS (Pro-
cess System Enterpise (PSE) 2019), a commercial equation-oriented simulation
tool suitable for robustly solving large-scale mathematical problems. In partic-
ular, the system of partial differential equations was discretized in space using
a centered finite difference method, and the resulting set of differential-algebraic
equations was solved with the stiff Radau solver (SRADAU) available in gPROMS.
The simulations were performed on a laptop computer with 16 GB of RAM and
a 2.80 GHz dual-core Intel i7 processor.

The set of coupled differential equations for each section of the MBTSA sys-
tem were implemented on gPROMS software and solved simultaneously. For this
purpose, the individual section models were connected to each other in a so-called
“composite model” flowsheet on gPROMS (Liu et al. 2011). With the gPROMS
composite model approach, the different sections of the moving bed communicate
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Chapter 2. MBTSA for post-combustion capture

with each other through specifically defined variable-ports. The purpose of these
inlet-outlet ports is to transfer certain model variables (e.g. gas and solid phase
concentrations, temperature and pressure) at the boundary of the corresponding
section-space domain, so that the model instances can exchange information with
the adjacent model instances during simulation. As an example, the boundary
conditions for the solid phase at the top of the adsorption section (i.e. sorbent
inlet), will be assigned based on the variables computed within the cooling sec-
tion, so that the conditions of the adsorbent leaving the cooling section are used
as input at the top of the adsorption section. This allows to take into account
for example for a non-complete regeneration of the solid performed in desorption
section, which in turns will affect the performance of the adsorption section, and
thus the overall process.
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2.3. Mathematical model

Table 2.1: Boundary Conditions (BC) implemented for each section of the MBTSA.

Section BC at bottom (z = 0) BC at top (z = Lc) Transport eq.

Adsorption

−εcDz,i
∂Ci

∂z + u (Ci−Cads
i,in) = 0 ∂Ci/∂z = 0 (2.5)

– ∂Cp,i/∂z = 0 (2.7)

– qi = qadsi,in (2.8)

u = uadsin P = P ads
out (2.9)

−λg ∂T
∂z + u ĉpCT(T−T ads

in ) = 0 ∂T/∂z = 0 (2.10)

∂Ts/∂z = 0 Ts = T ads
s,in (2.11)

Preheating

∂Ci/∂z = 0 ∂Ci/∂z = 0 (2.5)

– ∂Cp,i/∂z = 0 (2.7)

– qi = qprehi,in (2.8)

u = 0 P = P preh
out (2.9)

∂T/∂z = 0 ∂T/∂z = 0 (2.10)

∂Ts/∂z = 0 Ts = T preh
s,in (2.11)

Tf = T preh
f,in ∂Tf/∂z = 0 (2.13)

Desorption

∂Ci/∂z = 0 ∂Ci/∂z = 0 (2.5)

– ∂Cp,i/∂z = 0 (2.7)

– qi = qdesi,in (2.8)

P = P des
out u = 0 (2.9)

∂T/∂z = 0 ∂T/∂z = 0 (2.10)

∂Ts/∂z = 0 Ts = T des
s,in (2.11)

Tf = T des
f,in ∂Tf/∂z = 0 (2.13)

Precooling

−εcDz,i
∂Ci

∂z + u (Ci−Cprec
i,in ) = 0 ∂Ci/∂z = 0 (2.5)

– ∂Cp,i/∂z = 0 (2.7)

– qi = qpreci,in (2.8)

u = uprecin P = P prec
out (2.9)

−λg ∂T
∂z + u ĉpCT(T−T prec

in ) = 0 ∂T/∂z = 0 (2.10)

∂Ts/∂z = 0 Ts = T prec
s,in (2.11)

Tf = T prec
f,in ∂Tf/∂z = 0 (2.13)

Cooling

−εcDz,i
∂Ci

∂z + u (Ci−Ccool
i,in ) = 0 ∂Ci/∂z = 0 (2.5)

– ∂Cp,i/∂z = 0 (2.7)

– qi = qcooli,in (2.8)

u = ucoolin P = P cool
out (2.9)

−λg ∂T
∂z + u ĉpCT(T−T cool

in ) ∂T/∂z = 0 (2.10)

∂Ts/∂z = 0 Ts = T cool
s,in (2.11)

Tf = T cool
f,in ∂Tf/∂z = 0 (2.13)
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Chapter 3

Experimental determination of
heat transfer coefficients

The sorbent-side heat transfer coefficient is a crucial parameter in the design of
MBTSA processes for CO2 capture because it has a great influence on the siz-
ing and performance of the system. However, to the knowledge of the author,
there are no studies concerned with the determination of sorbent-side heat trans-
fer coefficients in indirect-contact heat exchangers for MBTSA systems. For this
reason, the objective of this chapter was to determine the heat transfer coefficient
of an activated carbon adsorbent flowing through a cross-flow shell-and-tube heat
exchanger. First, the lab-scale MBTSA apparatus used for this purpose is de-
scribed. Then, the experimental procedure and the equations used to determine
the heat transfer coefficients from the measured data are presented. Finally, the
experimental results are discussed and a correlation relating the heat transfer co-
efficient with the sorbent mass flux is proposed. This correlation complements
the MBTSA model documented in Chapter 2 and will be used to assess the heat
transfer performance of the MBTSA process for the waste-to-energy case study
considered in Chapter 4.

3.1 Lab-scale MBTSA apparatus

A series of experiments were carried out in a lab-scale apparatus replicating a
full MBTSA process with the aim to analyze the heat transfer performance of the
desorption section. The MBTSA apparatus, schematically shown in Figure 3.1,
is composed of three main sections, namely the adsorption, the desorption and
the cooling sections, through which the adsorbent circulates in a continuous man-
ner. The adsorbent is released into the adsorption section at a controlled flow
rate from a feeding system placed at the top (ZD22B Standard Feeder, ThreeTec,
Switzerland). The adsorption section consists of a 1.5 m high, 5 cm internal di-
ameter polycarbonate column filled with structured packing that ensures uniform
distribution of the sorbent flow.

Part of the content of this chapter also is reported in G. Mondino, C. A. Grande, R. Blom,
and L. O. Nord (2021). “Evaluation of MBTSA Technology for CO2 Capture from Waste-to-
Energy Plants”. International Journal of Greenhouse Gas Control [accepted]
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Figure 3.1: Experimental set-up used for heat transfer measurements: schematic dia-
gram of the lab-scale moving bed (right), details on the measuring section (top left) and
heat exchanger modules with a sectioned three-dimensional view, a cross-section and a
picture of the three modules (bottom left).

After passing through the adsorption section, the sorbent enters a rotary valve
(ACS valve, CI series) activated by a three-phase induction motor connected to
the power supply by a WEG frequency inverter (CFW500 vector inverter/series).
The rotary valve discharges the sorbent into the desorption section indicated as
“measuring section” in Figure 3.1. This part consists of a series of three heat
exchanger modules (shell-and-tube), in which the sorbent is indirectly heated by
a thermal fluid. More specifically, the adsorbent moves downwards in the shell-side
of the heat exchanger while the heating media flows within the horizontal tubes in
a cross-flow mode. In addition, the lateral surfaces of the heat exchanger modules
are insulated with a glass wool layer to limit the heat losses to the surroundings.
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3.1. Lab-scale MBTSA apparatus

Table 3.1: Geometry and material properties of the heat exchanger used for the heat
transfer measurements.

Parameter Symbol Unit Value

Number of modules Nmod - 3
Number of tubes per module Nt - 55
Number of passes (water side)a Npass - 5
Number of tubes per pass (water side) Nt,pass - 11
Internal tube diameter dt,int m 0.006
External tube square side st,ext m 0.008
Single tube length lt m 0.1
Total tube length lt,tot m 16.50
Heat transfer area - water side Aw m2 0.311
Heat transfer area - sorbent side As m2 0.528
Cross flow area - sorbent sideb Acf,s mm2 6857
Cross flow area - water sidec Acf,w mm2 311
Tubes material - - TiAl6V4
Specific heat capacity of TiAl6V4 cp,t J/kg K 526
Thermal conductivity of TiAl6V4 kt W/m K 6.6
Density of TiAl6V4 ρt kg/m3 4420

a The flow is directed into separate passes by four baffles placed in the lateral heads
b Calculated as the volume available for the sorbent flow divided by the module height
c Calculated as the internal cross section of a single tube multiplied by the number of
tubes per pass

Each heat exchanger module contains a bundle of 55 horizontal tubes through
which the heating fluid is distributed in a multi-pass configuration. As shown on
the bottom left side of Figure 3.1, the tubes present an inner circular cross section
(6 mm in diameter) and an outer squared cross section with a square side of 8 mm.
Such configuration and tube shape were adopted to ensure good contact between
the sorbent particles and the heating surface, enhancing the heat transfer rate.
In particular, staggered horizontal tube arrangements promote a better particle
mixing in comparison with vertical tubes or plate configurations (Takeuchi 1996;
Baumann et al. 2015; Tian et al. 2020), especially when the tube pitch is narrow
(Baumann et al. 2014). Furthermore, using a squared cross-section alleviates the
local formation of stagnant and void zones above and below the tubes, respectively.
This phenomenon typically occurs on circular tubes and limits the performance
of the heat exchanger (Niegsch et al. 1994; Baumann et al. 2015). The numerical
values of the geometrical parameters of the heat exchanger are listed in Table 3.1.

Water is used as thermal fluid, supplied by a SE-6 JULABO heating circulator.
The temperature of the water at the heat exchanger inlet is controlled by adjusting
the set point on the heating circulator. The flow rate is measured with a turbine
flow meter (F110P-AU model, HP series, KEM - Germany) installed between the
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Table 3.2: Physical properties of the sorbent material.

Parameter Value Unit

Adsorbent type Activated carbon* –
Particle shape Spherical beads –
Particle size 0.5–1.00 mm
Bulk density 452 kg/m3

Particle density 904 kg/m3

Heat capacity 880 kJ/kg K

* Provided by Blücher (Germany).

heating circulator and the heat exchanger. The mass flow rate cannot be directly
controlled as it depends on the balance between the pressure drop in the circuit
and the charateristic of the Julabo circulator pump.

The sorbent temperature is measured with four thermocouples located at dif-
ferent positions within the heat exchangers, see Figure 3.1 (top left). The ther-
mocouples are installed within the spacers separating the modules to ensure a
good contact with the bulk of the sorbent flow. Four additional thermocouples
are used to measure the water temperature at the inlet and outlet of each heat
exchanger module. All thermocouples are connected to a data acquisition system
to record the temperature data in a LabVIEW interface (National Instruments
2019). Moreover, a series of powder level sensors are installed within the spacers
separating the heat exchanger modules and connected to the LabVIEW program
for monitoring the level of adsorbent inside the heat exchangers and ensure that
the bed is packed during operation.

The bottom outlet of the heating section is connected to an adjustable trans-
port screw driven by a stepper motor (M1343031, LAM Technologies) that dis-
charges the sorbent into the cooling section. The speed of the screw is adjusted
through the LabView program while monitoring the powder level indicators so
that the level of adsorbent inside the heat exchanger can be kept as desired.

The cooling section is similar to the heating one, but has only two modules and
employs water as cooling media supplied by a Julabo CORIO™ CD-300F Refrig-
erated Circulator. After passing through the cooling section, the sorbent finally
reaches a collector funnel at the bottom of the unit from which it is transported
back to the top feeder by means of a vacuum conveyor system.

3.2 Experimental procedure

The heat transfer measurements were carried out using a commercial acti-
vated carbon shaped as spherical beads. The material was supplied by Blücher
(Germany), and was selected because of its suitable properties for moving bed
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applications (i.e., good flowability, particle size between 0.5–1.0 mm, mechanical
strength against attrition) as well as commercial availability at large scale. The
physical properties of the adsorbent are summarized in Table 3.2. The system
was loaded with approximately 10 kg of adsorbent. As previously mentioned, the
adsorbent flow rate is controlled by the upper feeding system through a double
screw that can be operated at different rotational speeds. As the actual feeding
rate does not only depend on the apparatus specifications, but also on the type of
sorbent material and its flowing properties, the feeding system was calibrated prior
to the experiments. To this aim, the sorbent flow rates were measured at different
rotating speeds of the feed screw within the experimental range (7–24 g/s).

All experimental data were collected upon reaching steady state, which was
assessed by monitoring the system temperatures via the LabVIEW interface. The
sorbent feeding system was activated starting from the lowest flow rate and oper-
ated for several minutes until a new steady state was reached. At this point, the
temperature measurement were recorded in LabVIEW. The sorbent flow rate was
then changed to the next set point and the procedure was repeated. Each data
point was obtained by averaging the readings over a period of time to reduce the
influence of instantaneous random fluctuations.

3.3 Determination of the heat transfer coefficient

The heat transfer coefficient is determined from the governing equations of the
heat exchangers. The main assumptions underlying this analysis are: steady-state
operating conditions, one-dimensional flow, negligible changes in the potential and
kinetic energy of the fluids, constant transport properties, no fouling on internal
heat exchanger surfaces, uniform heat transfer coefficients, and negligible heat
loss to the surroundings. The latter assumption was verified by estimating the
heat loss due to the natural convection of air on the vertical surfaces exposed to
the surrounding. Based on the actual temperature of the exposed insulation layer
and the room temperature, the heat loss was estimated to be less than 1 % of the
total heat transfer rate in all cases.

Under the assumption of negligible heat loss, the heat transfer from the water
is equal to the heat transfer to the sorbent. If, in addition, the specific heat of
water is assumed to be constant, the heat flow rate can be calculated from the
measured data according to:

Q̇ = ṁwcp,w(Tw,in − Tw,out), (3.1)

where the subscript “w” stands for water.

Using the mean logarithmic temperature difference approach (Cengel et al.
1998), the heat transfer rate can be related to the heat transfer resistances as:

Q̇ =
∆TLM

Rtot
, (3.2)
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where Rtot is the total heat transfer resistance and ∆TLM is the logarithmic mean
temperature difference for the counter-flow arrangement. The total thermal resis-
tance, Rtot, is the sum of the contributions due to internal convection (water-side),
conduction across the tube walls, and external convection (sorbent-side). The av-
erage heat transfer coefficient between the flowing sorbent and the tube walls, hs,
can be solved from:

Rtot = Rw +Rt +Rs =
1

Awhw
+

ln(dt,ext/dt,int)

2πktlt,tot
+

1

Ashs
, (3.3)

where the subscript “t” stands for tubes and “s” for sorbent, whereas As is the
heat transfer area on the sorbent side, given by:

As = 4st,ext ltNmodNt. (3.4)

Concerning the internal convective resistance (water side), the heat transfer
area Aw is calculated directly from the system geometry as:

Aw = 2πr2
t,int lt,tot, (3.5)

where lt,tot is the total length of tubes in the heat exchanger and rt,int is the
internal tube diameter. Moreover, the internal heat transfer coefficient, hw, is
estimated from an empirical correlation. As the water flow is laminar in all the
tests (Reynolds numbers between 1178–1638), the following correlation for internal
laminar flow was adopted (Cengel et al. 1998):

Nu =
hwdt,int

kw
= 3.66 +

0.065(dt,int/lt)Re Pr

1 + 0.04[(dt,int/lt)Re Pr]2/3
(3.6)

The water conductivity, kw, and the dimensionless numbers appearing in the
correlation were evaluated at the bulk mean water temperature (i.e., arithmetic
average of the temperature at the inlet and outlet).

Lastly, the tube walls resistance, Rt, was directly calculated from the thermal
properties of the tube material (TiAl6V4 alloy) and the system geometry. For this
purpose, the square profile of the tubes (with a side length st,ext) was converted
into an equivalent circular profile (with diameter dt,ext) with the same cross-
sectional area as the actual profile.

3.4 Experimental results

An example of the collected temperature data is shown in Figure 3.2, where the
points in the plots correspond to the temperatures sensed by the thermocouples, as
specified in the schematic diagram on the right side. It was observed that, in all the
experiments performed, the largest adsorbent temperature gain is achieved within
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Figure 3.2: On the left, example of experimental results obtained for two test runs: Plot
of the measured sorbent and water temperatures. On the right, schematic diagram of the
experimental set-up indicating the position of each thermocouple.

the first module, while only a small fraction of heat is exchanged in the second
and third modules. Furthermore, the change in temperature experienced by the
water, is only a few degrees in the first module and almost negligible in the second
and third ones. It was therefore decided to estimate the heat transfer coefficient
using only the data corresponding to the first module, where the majority of the
heat exchange takes place and the results have the least uncertainty.

The numerical values of the measured temperatures and the thermal parame-
ters used to estimate the heat transfer coefficient are reported in Tables 3.3 to 3.5.
The estimated heat transfer rate, Q̇, ranged between 249 W and 628 W, corre-
sponding to tests 4 and 9, respectively. With regards to the thermal resistances,
the convection on the sorbent-side was always the dominating resistance, rang-
ing between 72 and 82 % of the total thermal resistance, while the conductive
resistance of the tube walls ranged between 1.8 and 2.7 %.

The convective heat transfer coefficient on the sorbent side was computed for
each operating point according to Eq. (3.3), and the results were plotted against
the velocity of the solid particles in Figure 3.3. As expected, the heat transfer
coefficient increases with the solid velocity (Niegsch et al. 1994; Al-Ansary et
al. 2012; Baumann et al. 2015), while no dependence was observed on the solid
temperature. The measured heat transfer coefficients ranged between 69 and
117 W/m2 K with an uncertainty below 8% in all cases, which was evaluated using
the law of propagation of uncertainty (Farrance et al. 2012). The trend of the
experiments suggests that even higher values might be achieved by operating the
system at higher solid velocities. However, this hypothesis could not be verified
due to the limitations of the experimental apparatus. In addition, the analysis of
the uncertainty.
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Chapter 3. Experimental determination of heat transfer coefficients

Figure 3.3: Experimental heat transfer coefficients and fitted correlation (right). Com-
parison of the heat transfer coefficients measured in this work against the values reported
by Obuskovic (1988) for a single tube immersed in a moving bed operated with glass and
sand particles of different diameters (left).

In order to correlate the experimental results, the heat transfer coefficient and
solid velocity were expressed in terms of dimensionless quantities. The dependence
of the heat transfer coefficient on: (i) gas thermal conductivity, (ii) bulk density,
(iii) sorbent heat capacity, (iv) solid velocity, and (v) tube external side can be
expressed as:

f(hs, kg, ρb, cp,s, vs, st,ext) = 0. (3.7)

Since this relationship involves 6 variables and 4 physical dimensions (i.e., time,
length, mass, and temperature), dimensional analysis yields two independent di-
mensionless groups:

g(Nu, Pe) = 0, (3.8)

where

Nu =
hsst,ext

kg
(3.9)

is the Nusselt number and
Pe =

ρbcp,svsst,ext

kg
(3.10)

is the Péclet number. The Nusselt and Péclet numbers can be interpreted as
the dimensionless heat transfer coefficient and solid velocity, respectively. Using
these dimensionless numbers, the experimental results were correlated by means
of regression analysis, and the following equation was obtained:

Nu = aPeb = 0.808 Pe0.445. (3.11)

As shown in Figure 3.3 (right), the relative deviation between the heat transfer co-
efficients determined experimentally and the values predicted by Equation (3.11)
is below 5% for all cases. In addition, the coefficient of determination obtained
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from the regression analysis is R2 = 0.995. This suggests that the proposed cor-
relation is adequate to predict the heat transfer coefficient for flowing adsorbent
particles within cross-flow shell-and-tube heat exchangers, provided that they are
geometrically similar and operated within the range of particle velocities consid-
ered in these experiments.

In addition, Figure 3.3 (left) compares the heat transfer coefficients measured
in this work against those reported by Obuskovic (1988) for a single tube immersed
in a moving bed of solid particles. The heat transfer coefficients obtained for the
activated carbon particles considered in this work are comparable with those ob-
tained by Obuskovic (1988) for glass and sand particles of different diameters. In
addition, the variation of the heat transfer coefficient with the velocity of the solid
particles follows the same trend as the data from Obuskovic (1988). In particular,
the exponent of the Péclet number obtained in the present work (b = 0.455), see
Equation (3.11), agrees well with the exponent reported by Obuskovic (1988) for
their low-velocity experiments (b = 0.4), and with the theoretical value suggested
by Mickley et al. (1955) for an homogeneous moving bed of infinitesimally small
particles (b = 0.5).

Finally, the heat transfer coefficients measured in this work are significantly
higher than those typically encountered in fixed bed configurations. For example,
Marx et al. (2016) reported heat transfer coefficients between 20 and 40 W/m2 K
when performing TSA experiments on a indirectly-heated packed bed filled with
a zeolite 13X adsorbent shaped as spherical beads with diameters between 1.6
and 2.0 mm. Similarly, Bonjour et al. (2002) obtained heat transfer values up to
50 W/m2 K when measuring the heat transfer performance of a coaxial packed
bed heat exchanger filled with activated carbon beads of 0.65 mm mean diameter.
This confirms that the moving bed configuration has the potential to address one
of the main limitations of the fixed bed TSA process, namely, the low productivity
due to the slow heating and cooling of the adsorbent.

In the next chapter, the MBTSA process model described in Chapter 2 will be
complemented with the heat transfer correlation proposed here, and then used to
design and analyse a full-scale MBTSA process for CO2 capture from a waste-to-
energy power plant.
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Table 3.3: Overview of experimental results – part 1 of 3: measured data and calculated
heat transfer parameters.

Test ID
1 2 3 4 5 6

Sorbent
Flow rate ṁs g/s 7.72 7.72 16.99 7.34 16.82 16.82
Mass flux Js kg/m2s 1.13 1.13 2.48 1.07 2.45 2.45
Velocity vs mm/s 2.49 2.49 5.48 2.37 5.43 5.43
Inlet temp. Ts,in

◦C 25.1 24.2 26.4 22.7 24.9 26.7
Outlet temp. Ts,out

◦C 66.2 65.1 55.8 52.2 45.5 46.0

Water
Inlet temp. Tw,in

◦C 87.5 87.3 85.7 66.2 65.3 65.3
Outlet temp. Tw,out

◦C 84.2 83.6 80.6 64.0 62.0 62.1
Flow rate ṁw g/s 27.65 25.09 25.21 26.57 26.58 26.58
Velocity vw mm/s 91.88 83.39 83.72 87.16 87.16 87.16
Density ρw kg/m3 967 968 968 980 981 981
Viscosity µw mPa s 0.326 0.326 0.332 0.428 0.433 0.433
Heat capacity cp,w J/kg K 4202 4202 4201 4188 4187 4187
Conductivity kw W/m K 0.671 0.671 0.670 0.656 0.656 0.656
Reynolds Re - 1638 1483 1466 1198 1185 1185
Prandtl Pr - 2.04 2.04 2.08 2.73 2.77 2.77
Nusselt Nu - 5.19 5.08 5.09 5.17 5.17 5.17

Heat balance

Heat load Q̇ W 385.1 383.2 544.6 248.8 361.3 352.7
Mean log ∆T ∆TLM - 37.05 37.82 40.87 25.21 27.54 26.54
HTC water hw W/m2K 581.0 568.0 568.1 565.4 564.9 564.9
HTC sorbent hs W/m2K 73.0 71.1 101.0 68.9 99.0 100.7

Thermal resistances
Total Rtot K/kW 96.19 98.70 75.03 101.30 76.24 75.27
Water side Rw K/kW 16.60 16.98 16.98 17.06 17.07 17.07
Tubes walls Rt K/kW 1.79 1.79 1.79 1.79 1.79 1.79
Sorbent side Rs K/kW 77.80 79.93 56.26 82.45 57.37 56.40
% water side Rw % 17.3 17.2 22.6 16.8 22.4 22.7
% tubes walls Rt % 1.9 1.8 2.4 1.8 2.3 2.4
% sorbent side Rs % 80.9 81.0 75.0 81.4 75.3 74.9
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Table 3.4: Overview of experimental results – part 2 of 3: measured data and calculated
heat transfer parameters.

Test ID
7 8 9 10 11 12

Sorbent
Flow rate ṁs g/s 21.70 23.29 23.84 7.73 11.78 12.28
Mass flux Js kg/m2s 3.16 3.40 3.48 1.13 1.72 1.79
Velocity vs mm/s 7.00 7.51 7.69 2.49 3.80 3.96
Inlet temp. Ts,in

◦C 27.7 28.8 26.4 21.2 24.4 22.6
Outlet temp. Ts,out

◦C 43.5 52.0 51.1 66.6 60.8 59.0

Water
Inlet temp. Tw,in

◦C 64.7 84.7 84.6 87.3 86.7 86.4
Outlet temp. Tw,out

◦C 61.2 79.2 78.9 83.7 82.4 81.8
Flow rate ṁw g/s 26.59 26.51 26.51 25.67 25.68 25.69
Velocity vw mm/s 87.16 87.96 87.96 85.31 85.31 85.31
Density ρw kg/m3 981 969 969 968 968 968
Viscosity µw mPa s 0.435 0.335 0.335 0.326 0.329 0.330
Heat capacity cp,w J/kg K 4187 4200 4200 4202 4202 4202
Conductivity kw W/m K 0.655 0.670 0.670 0.671 0.671 0.671
Reynolds Re - 1178 1528 1526 1517 1507 1504
Prandtl Pr - 2.78 2.10 2.10 2.04 2.06 2.06
Nusselt Nu - 5.17 5.14 5.14 5.11 5.11 5.11

Heat balance

Heat load Q̇ W 387.5 609.4 629.4 386.9 465.1 498.6
Mean log ∆T ∆TLM - 26.88 40.91 42.25 37.82 39.74 41.28
HTC water hw W/m2K 564.7 574.4 574.3 571.0 570.8 570.7
HTC sorbent hs W/m2K 112.5 117.0 117.0 71.9 85.1 88.6

Thermal resistances
Total Rtot K/kW 69.38 67.13 67.13 97.76 85.45 82.79
Water side Rw K/kW 17.08 16.79 16.79 16.89 16.90 16.90
Tubes walls Rt K/kW 1.79 1.79 1.79 1.79 1.79 1.79
Sorbent side Rs K/kW 50.51 48.54 48.54 79.08 66.76 64.10
% water side Rw % 24.6 25.0 25.0 17.3 19.8 20.4
% tubes walls Rt % 2.6 2.7 2.7 1.8 2.1 2.2
% sorbent side Rs % 72.8 72.3 72.3 80.9 78.1 77.4
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Table 3.5: Overview of experimental results – part 3 of 3: measured data and calculated
heat transfer parameters.

Test ID
13 14 15 16 17

Sorbent
Flow rate ṁs g/s 21.92 12.60 23.02 21.65 21.65
Mass flux Js kg/m2s 3.20 1.84 3.36 3.16 3.16
Velocity vs mm/s 7.07 4.07 7.43 6.98 6.98
Inlet temp. Ts,in

◦C 26.9 23.2 25.9 31.0 27.5
Outlet temp. Ts,out

◦C 53.5 48.2 41.2 45.8 43.2

Water
Inlet temp. Tw,in

◦C 84.9 65.7 64.2 64.9 64.5
Outlet temp. Tw,out

◦C 79.4 62.8 60.5 61.7 61.0
Flow rate ṁw g/s 25.70 27.07 27.09 27.08 27.09
Velocity vw mm/s 85.31 88.79 88.79 88.79 88.79
Density ρw kg/m3 969 980 981 981 981
Viscosity µw mPa s 0.334 0.431 0.438 0.435 0.437
Heat capacity cp,w J/kg K 4201 4187 4187 4187 4187
Conductivity kw W/m K 0.670 0.656 0.655 0.655 0.655
Reynolds Re - 1485 1212 1193 1202 1197
Prandtl Pr - 2.09 2.75 2.80 2.78 2.79
Nusselt Nu - 5.11 5.19 5.19 5.19 5.19

Heat balance

Heat load Q̇ W 597.2 323.9 423.5 362.9 396.9
Mean log ∆T ∆TLM - 41.07 27.09 28.37 24.41 26.92
HTC water hw W/m2K 570.4 567.6 567.0 567.3 567.1
HTC sorbent hs W/m2K 113.5 87.6 117.9 117.3 115.9

Thermal resistances
Total Rtot K/kW 68.76 83.65 66.98 67.25 67.83
Water side Rw K/kW 16.91 16.99 17.01 17.00 17.01
Tubes walls Rt K/kW 1.79 1.79 1.79 1.79 1.79
Sorbent side Rs K/kW 50.06 64.86 48.18 48.46 49.03
% water side Rw % 24.6 20.3 25.4 25.3 25.1
% tubes walls Rt % 2.6 2.1 2.7 2.7 2.6
% sorbent side Rs % 72.8 77.5 71.9 72.1 72.3
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Chapter 4

Waste-to-energy case study
using activated carbon

The production of municipal solid waste is expected to keep increasing as a re-
sult of the rapid grow of population and living standards around the world (Kaza
et al. 2018). In this context, waste-to-energy plants represent a key technology
to manage the increasing quantities of solid waste, reduce the methane emissions
associated with landfilled waste, and satisfy the rising energy demand (Brunner
et al. 2015). In addition, the integration of waste-to-energy plants with CCS
technologies has the potential to make waste a net-zero or even negative emission
energy source (Kearns 2019; Haaf et al. 2020; Turan et al. 2021). The aim of
the present chapter is to assess the MBTSA technology for CO2 capture from a
waste-to-energy power plant. To this purpose, the computational model presented
in Chapter 2 was complemented with the heat transfer correlation proposed in
Chapter 3, and used as basis for process simulations. The adsorbent material
considered for this application is a commercial activated carbon. The adsorption
isotherms for CO2 and N2 on the activated carbon were determined experimen-
tally and fitted with a Virial model. Based on adsorbent properties and flue gas
specifications, the capture process was designed to achieve high CO2 purity and
recovery. Finally, the proposed MBTSA system was evaluated in terms of dif-
ferent performance parameters, including CO2 separation performance, system
footprint, process productivity and energy duty.

4.1 Definition of the case study

The application considered for the MBTSA process is a combined heat and
power waste-to-energy plant with a net power output of 16.8 MWel and a ther-
mal output of 64.6 MWth. The power plant was modeled in Thermoflex software
(Thermoflow Inc. 2017) using a built-in waste-to-energy plant model. The flue gas
specification required to design the MBTSA process were obtained by simulating
the plant at its nominal operating point. In order to reduce the computational

Part of the content of this chapter also is reported in G. Mondino, C. A. Grande, R. Blom,
and L. O. Nord (2021). “Evaluation of MBTSA Technology for CO2 Capture from Waste-to-
Energy Plants”. International Journal of Greenhouse Gas Control [accepted]
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Chapter 4. Waste-to-energy case study using activated carbon

Table 4.1: Flue gas specifications adopted for the MBTSA simulations.

Parameter Value Unit

Mass flow rate 55.9 kg/s
Temperature 30 ◦C
Pressure 101.5 kPa
Simplified composition:

molar fraction of CO2 11 %
molar fraction of N2 89 %

effort in the MBTSA simulations, the composition of the exhaust gas was simpli-
fied to a binary mixture of N2 and CO2, assuming that: (i) the flue gas is dried
prior to the capture process, and (ii) O2 and Ar behave similarly to N2 in terms
of adsorption equilibrium and kinetics (Plaza et al. 2014; Plaza et al. 2017). The
resulting flue gas specifications, used as input for designing and simulating the
MBTSA process, are listed in Table 4.1.

4.2 Adsorbent material

The adsorbent used for the case study was the same activated carbon (Blücher,
Germany) employed in the heat transfer experiments described in Chapter 3.
The physical properties of the adsorbent used as basis for the MBTSA process
simulations are summarized in Table 4.2. In addition, the adsorption equilibrium
data for N2 and CO2 were measured experimentally and fitted with a suitable
adsorption isotherm model as described below.

Pure-component adsorption isotherms of CO2 and N2 were measured on a
sample of the activated carbon using a volumetric adsorption apparatus (Belsorp
Max, MicrotracBEL, Japan). The data were collected at six different tempera-
tures between 30 and 150 ◦C. Prior to the measurements, overnight degassing of
the sample was performed at 150 ◦C and vacuum conditions.

The experimental isotherms data were fitted with a Virial model truncated at
its second term (Barrer 1981; Grande et al. 2008):

Pi =
q∗i
KH,i

exp(Aiq
∗
i +Biq

∗2
i ), (4.1)

where the temperature dependency of the parameters is expressed by

KH,i = K∞H,i exp

(
−∆Hi

RT

)
, Ai = A0,i +

A1,i

T
, and Bi = B0,i +

B1,i

T
. (4.2)

Fitting of the pure component adsorption data was carried out by minimizing an
error function with the Nelder-Mead algorithm available in the Scilab environment
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Table 4.2: Adsorbent properties adopted for the MBTSA simulations.

Parameter Value Unit

Adsorbent type Activated carbon* –
Particle shape Spherical beads –
Particle diameter 0.70 mm
Particle density 904 kg/m3

Particle porosity 0.50 –
Heat capacity 880 kJ/kg K

* Provided by Blücher (Germany)

Table 4.3: Virial model parameters fitting CO2 and N2 adsorption isotherms on the
activated carbon at temperatures between 30 and 150 ◦C and pressures up to 105 kPa.

K∞H
mol/kg kPa

−∆H
kJ/mol

A0

kg/mol
A1

K kg/mol
B0

kg2/mol2
B1

K kg2/mol2

CO2 2.6969 · 10−7 30.006 −4.3235 1474.0 1.4239 −465.20
N2 5.5486 · 10−7 21.934 −22.982 7121.1 51.644 −15756

(ESI Group 2017). The error function employed takes into account both the
absolute and the relative deviations, and it is defined as (Ribeiro et al. 2008):

ferror = w
∑
T

∑
q

(
Pcalc − Pexp

)2
+ (1− w)

∑
T

∑
q

(
Pcalc − Pexp

Pcalc

)2

(4.3)

where T refers to each of the isotherms, q refers to the measurement point along
the isotherm, Pexp and Pcalc are the equilibrium pressures determined experimen-
tally and calculated with the Virial model, respectively, and w is a weighting
factor between zero and one. The obtained fitting parameters are summarized in
Table 4.3 and they serve as basis for prediction of adsorption equilibrium in the
MBTSA model, where the multicomponent extension of the Virial model is imple-
mented to account for competitive adsorption of the two gases, see Section 2.3.3.

The results of the CO2 and N2 isotherms measurements together with the
isotherms fitting are shown in Figure 4.1. As expected, the adsorption capacity
of CO2 is higher than that of N2 in the whole temperature and pressure ranges
examined. Nevertheless, the equilibrium selectivity expressed as

sCO2/N2
=
qCO2/pCO2

qN2/pN2

(4.4)

and calculated at the feed gas conditions (see Table 4.1) is just above 11. This
value is significantly lower than that of other widely used CO2 capture adsorbents,
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Chapter 4. Waste-to-energy case study using activated carbon

Figure 4.1: CO2 and N2 adsorption isotherms on the activated carbon: measured data
(dots) and model fitting (continuous lines).

such as 13X and 5A zeolites, for which the selectivity can be as high as 96 and
90, respectively (Merel et al. 2008). Indeed, the CO2 adsorption capacity at the
feed gas conditions (11 kPa and 30 ◦C) is much lower for the activated carbon
evaluated, being less than 0.4 mol/kg, compared to a value larger than 2 mol/kg
for the zeolites (Cavenati et al. 2004; Mulloth et al. 1998).

With regards to the heat of adsorption, the values obtained by fitting the CO2

and N2 isotherms are in agreement with literature data reported for other carbon
adsorbents (Lopes et al. 2009; Plaza et al. 2017; Mondino et al. 2017).

4.3 Design of the MBTSA process

The MBTSA process model documented in Chapter 2 was extended with
the heat transfer correlation proposed in Chapter 3 and then used to design an
MBTSA process for the present waste-to-energy case study. A set of simulations
was performed by varying several model parameters, with the aim to achieve
a CO2 purity of at least 95% and a capture rate higher than 90%, as typically
required in CCS applications (Nord et al. 2020; Joss et al. 2017; Plaza et al. 2017).

The simulations were performed by discretizing the axial space domain of each
MBTSA section with a second order Centered Finite Difference Method (CFDM).
The number of intervals employed to discretize the axial space domain was 600
for the adsorption and precooling sections, 400 for the preheating section, and
140 for the desorption and cooling sections. The space-discretized equations were
integrated in time until steady state was reached, and all results presented herein
refer to the steady-state solution.

Several design parameters including the system dimensions (height and diam-
eter of each section) and operating conditions (amount of circulating sorbent,
adsorption and desorption temperatures, and CO2 extraction pressure) were ad-
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justed until the target CO2 purity and capture rate were achieved. The design
parameters of the final configuration are listed in Table 4.4. A large amount of
sorbent (650 kg/s) relative to the flue gas (56 kg/s) was required because of the
low CO2 capacity of the adsorbent. The limited working capacity of the adsorbent
was partially compensated by adopting a large temperature swing. In particu-
lar, the cooling and regeneration temperatures, i.e., the minimum and maximum
temperatures experienced by the adsorbent, were 18 ◦C and 184 ◦C, respectively.

With regards to the system dimensions, the length and diameter of the adsorp-
tion section were selected as a trade-off to reduce the footprint of the column and
limit the gas and sorbent velocities to avoid fluidization, guarantee a sufficient
residence time, and limit the pressure drop. The cross section area of the other
sections (preheating, desorption, precooling and cooling) was determined by scal-
ing up the heat exchanger modules of the experimental apparatus to the actual
sorbent flow rate, while maintaining the same tube shape and diameter (i.e., same
heat transfer area per unit volume). The length was then adjusted so that the
desired temperatures were reached by the end of the section.

As seen in Table 4.4, the diameter of the sections is significantly larger than
their length, which may compromise the assumption of negligible gradients in the
radial direction. However, as described in Chapter 2, the adsorption section has
a structured packing that helps to maintain uniform distribution of the particles
across the section, supporting the one-dimensional flow assumption. Similarly,
the heat exchanger tube bundles of the other sections help to guide the flow and
achieve a homogeneous heat transfer process, which, in turn, is beneficial to avoid
temperature gradients in the radial direction. In any case, the assumption of one-
dimensional flow for this configuration is not validated and should be assessed
experimentally if the system were to be implemented.

4.4 MBTSA simulation results

The mathematical model describing the MBTSA was used to predict the sys-
tem behavior in terms of temperature and concentration profiles along the different
sections. The simulation results were then used to assess the performance of the
process on the basis of separation performance (CO2 purity and capture rate),
energy use and process productivity.

4.4.1 Concentration and temperature profiles

Figure 4.2 shows the computed concentration and temperature profiles along
the five MBTSA sections, where the left and right limits of the plot correspond to
the bottom of the cooling section and the top of the adsorption section, respec-
tively. In agreement with this representation, the adsorbent flows from the right
to the left in each section and the feed gas flows from the left to the right within
the adsorption section.
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Table 4.4: MBTSA design and process parameters.

Operating conditions

Sorbent regeneration temperature 184 ◦C
Sorbent cooling temperature 18 ◦C
CO2 extraction pressure 90 kPa
Inlet gas sup. velocity 0.41 m/s
Void fraction in adsorption section 0.7 -
Void fraction in other sections 0.5 -

System dimensions

Diameter in adsorption section 12.8 m
Diameter in other sections 13.3 m
Height of adsorption section 0.9 m
Height of preheating section 0.4 m
Height of desorption section 0.8 m
Height of precooling section 0.4 m
Height of cooling section 0.6 m
Total height 3.1 m

Sorbent inventory

Amount of circulating sorbent 650 kg/s
Sorbent mass flux in heat exchangers 4.7 kg/m2s
Sorbent residence time 4.2 min

Heating/cooling fluids

Specific heat capacity 4.2 kJ/kg K
Density 1000 kg/m3

Flow rate in preheat./precool. sections 160.6 kg/s
Flow rate in desorption section 267.6 kg/s
Flow rate in cooling section 267.6 kg/s
Inlet temperature in desorption section 187 ◦C
Inlet temperature in cooling section 10 ◦C

As seen in the adsorbent loading profile within the adsorption section, a sig-
nificant amount of nitrogen is also adsorbed along with the CO2. This is in
agreement with the adsorption equilibrium data and corresponding selectivity,
which was estimated to be as low as 11. More specifically, at the bottom end of
the adsorption section, i.e., at the gas feeding point, the fraction of nitrogen in
the adsorbed phase is approximately 39% of the total, corresponding to a specific
loading around 0.26 mol/kg, versus a CO2 loading of 0.42 mol/kg. Furthermore,
as seen in the temperature profile of the adsorption section, the effect of the heat
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of adsorption is modest and causes an increase in the adsorbent temperature of
about 9 ◦C. As expected, in the adsorption section the maximum temperature is
reached at the gas feeding point, where the adsorption driving force is the highest.
The reason for the limited impact of this non-isothermal effect can be attributed
to the high sorbent-to-gas ratio associated to the low adsorption capacity.

Most of the adsorbed nitrogen is released from the adsorbed phase as the
temperature increases along the preheating section, i.e., moving from right to left
along the plot, while the CO2 loading remains approximately constant due to its
stronger affinity on the adsorbent. The gas that is being desorbed within the
preheating section is removed from the top and re-mixed with the feed gas (see
Figure 2.1). As the N2 is removed, and the adsorbent temperature increases, the
CO2 fraction in the gas phase gradually increases towards the bottom end of the
preheating section. The same trend continues in the desorption section, where the
adsorbent temperature is further increased to the target regeneration temperature
(184 ◦C) and CO2 molar fraction in the gas phase reaches a maximum value of
97.2 % at the bottom end of the section, i.e., the CO2 extraction point.

As depicted in Figure 4.2, the adsorbent still contains a certain amount of
CO2 (about 0.07 mol/kg) when entering the following section for precooling. To
further regenerate the adsorbent and recover this CO2, a fraction of the CO2-free
product (approximately 15% of the total flow rate on a weight basis) was used to
counter-currently purge the adsorbent within the cooling and precooling sections.
The use of this purge gas is also important to avoid the formation of low pressure
zones induced by the decrease in temperature, thus maintaining the pressure close
to atmospheric.

In addition to the gas and sorbent temperature profiles, the bottom plot in
Figure 4.2 also shows the temperature of the heating and cooling fluids along the
corresponding sections. In an attempt to maximize the internal heat recovery, the
flow rate of the heat transfer media was tuned so that its heat capacity rate was
as close as possible to that of the sorbent-gas side and the temperature difference
along the heat exchanger was approximately constant.

4.4.2 Overall system performance

The MBTSA process was evaluated in terms of the performance indicators
defined in Section 2.2, and the results are reported in Table 4.5. In spite of
the low adsorbent selectivity, the designed MBTSA process was able to meet the
desired target performance in terms of purity and capture rate, the obtained values
being 97.2% and 90.8%, respectively. With regards to the energy use, the process
requires 5.7 MJ/kgCO2 , which is higher than other values reported in the literature
for TSA capture processes achieving high CO2 purity and recovery. For example,
a value of 4.28 MJ/kgCO2 has been reported for a heat-integrated fixed bed TSA
system employing zeolite 13X (Joss et al. 2017), while Merel et al. (2008) estimated
4.5 MJ/kgCO2 when using zeolite 5A. A slightly lower value (3.59 MJ/kgCO2) was
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Cooling
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Precooling
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Desorption
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Preheating
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Adsorption
section

FeedPurge CO2-product

Figure 4.2: Concentration and temperature profiles for each section of the MBTSA
system. Position 0 m corresponds to bottom of the cooling section and position 3.1 m to
the top of the adsorption section. The black and gray arrows represent the direction of
the gas and sorbent flows, respectively.

reported by Plaza et al. (2017) referring to a TSA system based on structured
carbon adsorbent and steam stripping. Nevertheless, the specific energy duty
estimated in the present study is approximately three times higher than that
of a similar MBTSA process previously documented by the authors (Mondino
et al. 2019), where zeolite 13X was employed to capture CO2 from a natural
gas combined cycle (Mondino et al. 2019). The relatively higher energy duty
can be explained by the much lower working capacity of the activated carbon
(0.36 mol/kg) compared to that of the zeolite (2.8 mol/kg) which implies larger
sorbent inventory and contributes to the parasitic duty associated to the sorbent
heat capacity. In addition, to compensate for the low adsorption capacity towards
CO2, a high desorption temperature was adopted, which also leads to an increase
in the process energy requirement.

On the other hand, the simulated process seems to be very promising in terms
of productivity, the obtained value being 181 kgCO2/tsh. Such high process pro-
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Table 4.5: Summary of the waste-to-energy simulations results.

Main performance indicators

CO2 purity 97.2 %vol
CO2 capture rate 90.8 %vol
CO2 captured 8.26 kg/s
Sorbent flow rate 650 kg/s
Process productivity 181 kgCO2/t sh
Specific energy duty 5.7 MJ/kg CO2

Heat loads in MBTSA sections

Preheating (internal recovery) 54.2 MW
Desorption (external heating) 47.0 MW
Precooling (internal recovery) 54.2 MW
Cooling (external cooling) 45.8 MW

ductivity can be attributed to the short cycle time (4.22 min) associated with
the fast heating and cooling of the adsorbent. For comparison, Bonjour and co-
workers calculated a productivity of 22.4 kgethane/tsh for a fixed bed TSA process
with indirect heating for gaseous pollutant treatment (Bonjour et al. 2005). In
the context of post-combustion CO2 capture, Plaza et al. (2017) reported a pro-
ductivity of 35-40 kgCO2/tsh when using carbon honeycomb monoliths in a fixed
bed process with direct heating, while Joss et al. (2017) obtained a productivity
between 30 and 60 kgCO2/tsh for an indirect heated TSA process using zeolite 13X
achieving similar performance in terms of energy consumption (about 4 MJ/tCO2),
purity (above 95%), and capture rate (above 90%).

4.5 Chapter summary

The application of the MBTSA technology for CO2 capture from a waste-to-
energy power plant was evaluated via process simulations. Input model parame-
ters concerning the adsorbent material were provided by experimentally measur-
ing the adsorption isotherms of a bead-shaped activated carbon. The designed
MBTSA process is able to meet the target performance in terms of CO2 purity
(above 95%) and recovery (above 90%). With regards to the energy use, the pro-
posed precooling/preheating sections for internal heat recovery leads to a 53.5%
energy saving, reducing the total heat load from 101.3 MW to 45.8 MW. The
rather high specific energy duty (5.7 MJ/kgCO2) can be attributed to the poor
performance of the adsorbent in terms of CO2 working capacity and selectivity. In
this respect, significant improvements can be expected by employing adsorbents
with higher adsorption capacity towards CO2 and better selectivity, such as zeo-
lite 13X or MOFs. Furthermore, despite of the large amount of sorbent required,
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Chapter 4. Waste-to-energy case study using activated carbon

the obtained system footprint is within reasonable values: the largest diameter
among the different MBTSA sections was 13.3 m while the total height of the
system was 3.1 m. Particularly promising are the results in terms of process pro-
ductivity, which was found to be significantly higher than reference values from
existing literature, thanks to the short cycle time.
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Chapter 5

NGCC case study using Z13X

The present chapter considers the utilization of the MBTSA technology for CO2

capture as alternative to the commercial absorption-based technologies in the con-
text of NGCC power plants. The adsorbent material employed for this application
is a commercially available zeolite 13X. Adsorption equilibrium data of CO2 and
N2 on the selected adsorbent were determined experimentally and then fitted with
a Virial model. After that, the MBTSA system was designed to achieve high CO2

purity and capture rate, and a series of simulations was carried out to investi-
gate the system behavior under different operating conditions. Furthermore, the
effect of implementing the MBTSA process on plant performance was studied
by integrating the capture system with a process model of the reference power
plant. A detailed analysis of the energy use associated with the capture process
auxiliaries was performed. Finally, the power plant model was used to simulate
the same NGCC system coupled with a state-of-the-art absorption process, for a
direct comparison between the two capture technologies.

5.1 Definition of the case study

The case study considered in this chapter is a natural gas combined cycle power
plant with a net power output of nearly 800 MW. The power plant was initially
modelled in the GT PRO software (Thermoflow Inc. 2017) to provide the MBTSA
model with the input flue gas specifications.

As illustrated in Figure 5.1, the reference NGCC power plant is composed of a
topping gas turbine cycle coupled with a bottoming steam cycle. The system was
designed with the aim of representing the current state-of-the-art technology in
combined cycles, which are engineered to achieve net efficiencies exceeding 63%
(Vandervort 2018). For this purpose, a General Electric 9HA.02 model fueled by
natural gas was adopted for the Gas Turbine (GT). In addition, a three-pressure-
level cycle configuration with reheat was employed for the steam bottoming cycle.
As a common measure to increase the power plant efficiency (Fernandez et al.

Part of the content of this chapter also is reported in G. Mondino, C. A. Grande, R. Blom,
and L. O. Nord (2019). “Moving Bed Temperature Swing Adsorption for CO2 Capture from a
Natural Gas Combined Cycle Power Plant”. International Journal of Greenhouse Gas Control
85, pp. 58–70
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Figure 5.1: Layout of the reference NGCC power plant without CCS. The following
abbreviations are used: Comp. for compressor section in gas turbine, Turb. for tur-
bine section in gas turbine, HPT, IPT and LPT for high, intermediate and low pressure
steam turbines, respectively, HRSG for heat recovery steam generator, HPS, IPS, LPS for
high, intermediate and low pressure superheaters, respectively, HPE, IPE, LPE for the
corresponding economizers, HPB, IPB and LPB for the boilers, and RH for the reheater.

2014; Anantharaman et al. 2011), the gas turbine fuel is preheated prior the
combustor with part of the steam produced in the intermediate pressure (IP)
drum. The main operating conditions and performance parameters of the NGCC
are summarized in Table 5.2.

In order to reduce the computational effort of the MBTSA simulations, the
composition of the NGCC exhaust gas obtained from the GT PRO model was
simplified to a binary mixture of N2 and CO2. For this purpose the following
assumptions were made: (i) O2 and Ar present a similar behavior to N2 with
respect to adsorption equilibrium and kinetics (Baksh et al. 1992; Park et al. 2006;
Merel et al. 2008) and (ii) the water vapor is removed prior the MBTSA unit. The
resulting flue gas specifications, used as input for designing and simulating the
MBTSA process, are listed in Table 5.1.

5.2 Adsorbent material

Besides reducing the computational effort of the MBTSA simulations, another
reason for considering a dried flue gas is to allow the use of highly selective ma-
terials that are incompatible with the presence of water (e.g., zeolites or metal
organic frameworks). For the purpose of this study, it was therefore possible to
employ a commercial zeolite 13X adsorbent, which is suitable for the NGCC case
due to its high CO2 adsorption capacity at low CO2 partial pressures and high
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5.2. Adsorbent material

Table 5.1: Flue gas specifications adopted for the MBTSA simulations.

Parameter Value Unit

Mass flow rate 916 kg/s
Temperature 30 ◦C
Pressure 1.05 bar
Simplified composition:

molar fraction of CO2 5.15 %
molar fraction of N2 94.85 %

CO2/N2 selectivity (Zanco et al. 2018; Hefti et al. 2015; Lillia et al. 2018; Merel
et al. 2008). A summary of the adsorbent physical properties used as input to the
MBTSA process simulations is provided in Table 5.3. The size of the particles
(700 µm diameter) was selected to be higher than few hundreds µm in order to
avoid fluidization in the adsorption section of the moving bed, where large flow
rates move counter-currently to the adsorbent (Zanco et al. 2018).

In order to provide the MBTSA model with the necessary equilibrium data, the
zeolite 13X was characterized in terms of pure-component adsorption isotherms
of CO2 and N2. The measurements were performed in a volumetric apparatus
(Belsorp Max, MicrotracBEL) at seven different temperatures in the range from
10 to 180 ◦C, and pressures from zero to 1.05 bar. Prior to the measurements,
the sample was pre-treated at 320 ◦C under vacuum for 10 hours to remove any
presence of moisture and other impurities.

The results of CO2 and N2 isotherms measurements are shown in Figure 5.2.
As expected, the adsorption capacity of CO2 is significantly higher than that of
N2 in the whole temperature and pressure ranges examined. At 30 ◦C and 0.0515
bar, which corresponds to the CO2 partial pressure at the feed gas conditions, the
equilibrium capacity of CO2 is 3.5 mol/kg. Conversely, the equilibrium capacity of
N2 at the feed gas conditions (30 ◦C and 0.996 bar) is only 0.4 mol/kg. This yields
a selectivity sCO2/N2

of 169, which is significantly higher than that of the activated
carbons analysed in Section 4.2. The confirmed high equilibrium selectivity of the
zeolite 13X is beneficial for the MBTSA process, where high purity of the CO2

product is desired.

The fitting of the pure-component isotherm data was performed following the
same procedure described in Section 4.2 for the case of the activated carbon
adsorbent. The values of the parameters obtained by fitting the isotherms with
the pure-component Virial model are listed in Table 5.4. As shown in Figure 5.3,
the heat of adsorptions obtained by the Virial fitting is in good agreement with
the values obtained from the slope of the Van’t Hoff plot, where the Henry’s
law constant are plotted against the reciprocal of temperature (Shen et al. 2010;
Ruthven 1984; Yang 1987).
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Table 5.2: Summary of technical data of the reference NGCC plant.

Gas cycle

GT model GE 9HA.02 –
Fuel type Natural gas –
Net fuel energy input 1257.3 MW
GT gross electric power output 555.3 MW
Fuel lower heating value 46280 kJ/kg
Fuel higher heating value 51237 kJ/kg
Fuel temperature at combustor inlet 180 ◦C
Fuel pressure at combustor inlet 39.29 bar
Fuel flow rate 27.17 kg/s
Air pressure at compressor inlet 1.013 bar
Air temperature at compressor inlet 15 ◦C
Air humidity at compressor inlet 60 %
Air flow rate 957 kg/s
GT inlet temperature 1504.5 ◦C
GT exhaust temperature 646.9 ◦C
GT exhaust pressure 1.051 bar bar
GT exhaust gas flow rate 984.1 kg/s

Steam cycle

Number of pressure levels 3 –
ST gross electric power output 246.5 MW
HP turbine inlet temperature 600 ◦C
HP turbine inlet pressure 186 bar
HP turbine inlet flow rate 126 kg/s
IP turbine inlet temperature 600 ◦C
IP turbine inlet pressure 30 bar
IP turbine inlet flow rate 142.9 kg/s
LP turbine inlet temperature 72.32 ◦C
LP turbine inlet pressure 0.3447 bar
LP turbine inlet flow rate 161 kg/s
Condenser pressure 0.0586 bar

Combined cycle

Gross combined electric power output 801.8 MW
Net power output 792.8 MW
Net electric efficiency 63.05 %
CO2 emitted 70.82 kg/s
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5.2. Adsorbent material

Table 5.3: Adsorbent properties adopted for the MBTSA simulations.

Parameter Value Unit

Adsorbent type Zeolite 13X* –
Particle shape Spherical beads –
Particle diameter 0.70 mm
Particle density 924 kg/m3

Particle porosity 0.34 –
Heat capacity 880 kJ/kg K

* Provided by CWT (Germany)

Table 5.4: Virial model parameters fitting CO2 and N2 adsorption isotherms on zeolite
13X at temperatures between 10 and 180 ◦C and pressures between 0 and 1.05 bar.

K∞H
mol/kg bar

−∆H
kJ/mol

A0

kg/mol
A1

K kg/mol
B0

kg2/mol
B1

K kg2/mol2

CO2 1.61935× 10−5 44.7838 0.4220 7.8371 −0.0485 34.8669
N2 5.48207× 10−5 22.6591 −13.037 3889.5 24.9613 −7213.8

Figure 5.2: CO2 (left) and N2 (right) adsorption isotherms on zeolite 13X at tempera-
tures between 10 and 180 ◦C, and pressures up to 1.05 bar: experimental values (symbols)
and fitting with Virial model (lines).
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Figure 5.3: Van’t Hoff plot for estimation of isosteric heat of adsorption.

5.3 Design of the MBTSA process

This section describes the design an MBTSA process to separate the CO2 from
the flue gas of the reference NGCC plant. The design was carried out targeting
at a CO2 purity of at least 95% and a capture rate higher than 90%, as typically
considered for transport and storage application (Nord et al. 2020; Joss et al.
2017; Plaza et al. 2017).

The system was simulated using an earlier version of the MBTSA model doc-
umented in Chapter 2 that only takes into consideration four sections (i.e., ad-
sorption, preheating, desorption and cooling). The main difference of this model
version is that it does not include the energy equations of the heat transfer fluid,
Eq. (2.13), and the heat exchanger walls, Eq. (2.12). Instead, the temperature of
the heat transfer surface along the vertical axis is imposed, and a constant value
of the gas-to-wall convective heat transfer coefficient is assumed. Furthermore, as
the equation of the heat transfer fluid is missing, the energy savings attainable by
preheating the adsorbent with the heat recovered form the hot adsorbent entering
the cooling section were evaluated by analysing the temperature profiles and heat
loads. A graphical procedure was used for this purpose, whereby the hot and cold
composite curves were plotted on an temperature-enthalpy diagram (Kim et al.
2013). The minimum amount of external heat required was estimated by moving
the cold curve along the enthalpy axis so that a minimum temperature difference
is ensured at the pinch point. Considering that a third heat transfer media is
needed as intermediate fluid, a conservative value of 20 ◦C was assumed as the
pinch-point temperature difference on both sides (hot and cold).
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Table 5.5: Dimensions and operating conditions of the final MBTSA configuration.

MBTSA section
Adsorption Preheating Desorption Cooling

Length of the section (m) 1.5 2 9 12
Number of discretizations 200 100 400 200
Cross sectional area (m2) 254.5 78.5 78.5 78.5
Hydraulic diameter (m) 0.04 0.10 0.10 0.08
Heat transfer coefficient (W/m2K) 90 90 90 90
Inlet gas superficial velocity (m/s) 1.50
Adsorbent residence time (s) 216 207 933 1244

The simulations of the MBTSA system were carried out using a second order
Centered Finite Difference Method (CFDM) to discretize the axial coordinate of
each section. The number of intervals employed to discretize the axial space do-
main was 200 for the adsorption and cooling sections, 100 for the preheating, and
400 for the desorption section. The space-discretized equations were integrated in
time until steady state was reached, and all results presented herein refer to the
steady-state solution.

As starting point for the design, the required adsorbent flow rate was initially
estimated based on the CO2 capacity of the zeolite 13X at the feed gas conditions
and the corresponding flow of CO2 that is to be captured. Due to the large
amount of flue gas to be processed (over 900 kg/s) it was decided to employ two
MBTSA units, as the gas velocity within the adsorption section must be kept
below the minimum fluidization velocity and the size of the column should be
limited to realistic values (Kim et al. 2013; Zanco et al. 2018). After that, a set
of simulations was performed by varying several design parameters and operating
conditions to improve the performance of the system until the target CO2 purity
and recovery were satisfied. The system dimensions and operating conditions
adopted for the final configuration are listed in Table 5.5.
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5.4 MBTSA simulation results

The MBTSA model was used to predict system behavior in terms of tempera-
ture and concentration profiles along the different sections. The simulation results
were then used to assess the performance of the process on the basis of separation
performance (CO2 purity and capture rate), energy use and process productivity.

5.4.1 Concentration and temperature profiles

The results of the process simulations in terms of N2 and CO2 concentration
profiles in each section of the MBTSA are shown in Figures 5.4 to 5.7. The
corresponding temperature profiles, for both the gas and solid phases, are shown
in Figure 5.8. In each of the figures the horizontal axis represents the position
along the height of the corresponding MBTSA section, where the upper and lower
limits of the axis corresponds to the top and bottom the section, respectively. The
flow directions of gas and sorbent are also shown as green arrows on the plots for
the sake of clarity.

In order to limit the increase in temperature caused by the high heat of adsorp-
tion of CO2, which in turn reduces the capacity of the adsorbent, it was decided
to operate the adsorption section similarly to the cooling section and remove heat
from the sorbent using cooling water. Despite this measure, an increase in tem-
perature of nearly 20 ◦C still occurs within the adsorption section, see Figure 5.8.

Thanks to the high equilibrium selectivity of the zeolite 13X, the adsorbent
leaving the adsorption section contains a nearly negligible amount of N2 in the
adsorbed phase, which has a beneficial effect on the obtainable CO2 purity. After
leaving the adsorption section, the CO2-loaded adsorbent is heated from 30 ◦C
to approximately 90 ◦C in the preheating section. The change in temperature is
accompanied by a change in the gas phase CO2/N2 ratio (see Figure 5.5), since
part of the adsorbed CO2 is released by the adsorbent. However, due to the high
CO2 adsorption capacity, even at high temperatures, the change in adsorbent
loading within the preheating section is limited. This means that most of the
desorption takes place in the desorption section, where the temperature is further
increased to 207 ◦C. In order to direct the gas flow towards the CO2 extraction
line, and thus avoid upward gas flow within the desorption section, a slightly
sub-atmospheric pressure (0.97 bar) is applied at the bottom of the section.

Due to the steepness of the CO2 isotherm, the adsorbent loading of CO2 is
still significant at the exit of the desorption section (nearly 1 mol/kg). Part of
this CO2 can be removed from the adsorbent and recovered from the top of the
cooling section by recirculating a small fraction of the CO2-free gas to the cooling
section (i.e., the purge stream indicated in Figure 2.1). If the gas recirculated
through the cooling section is sufficiently small, the gas leaving from the top of
the cooling section will contain mostly CO2 and can be mixed with the CO2-rich
product without excessively reducing its purity.
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Table 5.6: Summary of process design and simulation results for the two MBTSA cases.

Case A Case B

CO2 purity 95.1% 95.8%
CO2 capture rate 96.0% 98.2%
CO2 working capacity 2.76 mol/kg ads 3.28 mol/kg ads

Amount of circulating sorbent 570 kg/s 490 kg/s
Regeneration temperature 180 ◦C 207 ◦C
Energy required for sorbent regeneration:

- without heat integration 152.7 MWth 158.7 MWth

- with heat integration 101.2 MWth 100.7 MWth

Specific energy for sorbent regeneration:
- without heat integration 2.21 MJ/kgCO2 2.24 MJ/kg CO2

- with heat integration 1.46 MJ/kg CO2 1.42 MJ/kg CO2

5.4.2 Overall system performance

The MBTSA process was evaluated in terms of the performance indicators
defined in Section 2.2, and the results are reported in Table 5.6. This analysis
is presented for two cases employing different sorbent regeneration temperatures,
namely 180 ◦C (Case A) and 207 ◦C (Case B). As expected, the system behavior
is very sensitive to the regeneration temperature, as it directly affects the CO2

working capacity and thus the amount of adsorbent required. A lower regeneration
temperature, which is beneficial when considering heat integration using waste
heat from the power plant, implies a less efficient regeneration of the sorbent
and thus has to be compensated by increasing the amount of circulating sorbent.
Better CO2 purity and capture rate are obtained in the case of higher regeneration
temperature (Case B), which also requires 16.3% less adsorbent. When comparing
the total amount of thermal energy required, the case using lower regeneration
temperature (Case A) seems to be more efficient. However, due to the difference
in CO2 capture rate, the specific energy consumption of the two cases in terms of
energy required per unit mass of CO2 captured does not differ significantly.
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Figure 5.4: Adsorbent loading (left) and molar fraction (right) profiles along the vertical
coordinate of the adsorption section.

Figure 5.5: Adsorbent loading (left) and molar fraction (right) profiles along the vertical
coordinate of the preheating section.

Figure 5.6: Adsorbent loading (left) and molar fraction (right) profiles along the vertical
coordinate of the desorption section.
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Figure 5.7: Adsorbent loading (left) and molar fraction (right) profiles along the vertical
coordinate of the cooling section.
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Figure 5.8: Temperature profiles along the vertical coordinate of: adsorption section
(top left), cooling section (top right), desorption section (bottom left), cooling section
(bottom right).
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5.5 Integration of NGCC with capture processes

The last part of this chapter concerns the integration of the proposed MBTSA
process with the reference NGCC power plant. First, the approach followed to link
the power plant with the MBTSA system and supply the heat required for sorbent
regeneration is described. After that, the reference power plant is coupled with
an absorption-based process to benchmark the MBTSA system against the state-
of-the-art capture technology. Finally, the simulation results comparing the two
technologies in terms of their impact on the power plant efficiency are presented.

5.5.1 Integration with MBTSA process

In order to evaluate the impact of the CO2 capture system on the power plant
efficiency, the NGCC model initially developed in GT PRO was exported into
Thermoflex and appositely modified to accommodate the capture process. The
layout of the NGCC power plant integrated with the MBTSA system is shown in
Figure 5.9. The main modifications with respect to the reference case (i.e., the
NGCC plant without CO2 capture, see Figure 5.1) include: (i) the extraction of
steam from the IP turbine, needed in the MBTSA for sorbent regeneration, (ii) a
drying unit, employed for removing water from the flue gas upstream the MBTSA,
(iii) a compressor/fan compensating for the pressure drops of the MBTSA, (iv)
an inter-cooled compressor to rise the pressure of the CO2-rich stream to meet
transport specifications, (v) a cooling water circuit that takes into account the
cooling demand of the MBTSA system.

The steam extracted from the IP turbine is processed by an indirect-contact,
counter-current heat exchanger that mimics the desorption section of the MBTSA
system, in terms of heat duty and inlet/outlet temperatures of the flowing sorbent.
The condensed water leaving the heat exchanger is returned to the deaerator
after appropriate pressure reduction. The amount of steam extracted and the
corresponding pressure will therefore be determined based on the heat exchanger
duty, while assuring that the condensed outlet temperature corresponds to the
deaerator operating temperature. A similar approach is used for simulating the
cooling section of the MBTSA process. In this case, cooling water available at the
plant side is used to provide the required cooling duty.

The flue gas drying unit consists of three components: (i) a gas-water contact
heat exchanger where the flue gas is cooled to 30 ◦C, (ii) an electric chiller that
further reduces the temperature of the flue gas to 16 ◦C, and (iii) a fan placed
upstream the gas-water contact heat exchanger, for overcoming the pressure drops
of the drying steps. The flue gas leaving the drying units still contains a small
amount of water (approximately 1.8 vol%), which should also be removed. Al-
though this final step was not included in the present work, it was assumed that
the remaining water can be removed in a process with limited energy consumption,
applying the same approach described by Lillia et al. (2018), where the activated
alumina used for adsorbing water is regenerated by the CO2-free product.

54



5.5. Integration of NGCC with capture processes

LPBIPBHPB

HRSG

LTEIPEHPEIPSLPSHPEHPSRHHPSRHHPS

Air

LPTIPTHPT

Turb.Comp.

Natural 
gas

M
B

T
S

A

CO2

CO2 comp.

CO2

(110 bar)

Drying 

CO2–free 
gas

Figure 5.9: Layout of the reference NGCC power plant integrated with the MBTSA
process. Comp. for air compressor, Turb. for gas turbine, HPT, IPT and LPT for high,
intermediate and low pressure turbines, respectively, HRSG for heat recovery steam gen-
erator, HPS, IPS, LPS for high, intermediate and low pressure superheaters, respectively,
HPE, IPE, LPE for the corresponding economizers, HPB, IPB and LPB for the boilers,
and RH for the reheater.

Lastly, the CO2 compressor consists of five inter-cooled stages with an isen-
tropic efficiency of 85% for each stage. The inlet conditions (i.e. gas composition,
flow rate, temperature and pressure) are set based on the results obtained with
the MBTSA simulations. The delivery pressure is assumed to be 110 bar.

5.5.2 Integration with MEA absorption process

One of the aims of this work is to provide a plant-level comparison of the
MBTSA process considered in this thesis with the benchmark amine-based capture
technology. For this purpose, the reference NGCC model was again exported to
Thermoflex and modified to integrate a standard chemical absorption process
using monoethanolamine (MEA) as solvent. The model of the absorption process
is part of the Thermoflex library and it provides an estimate of the total auxiliary
power, heat consumption, and cooling duty required by the process, as well as
its impact on the combined cycle efficiency. The input model parameters used to
define to MEA-absorption process are listed in Table 5.7. These specifications are
representative of a typical MEA process with a specific energy input of 3.95 MJ/kg
(Fernandez et al. 2014; Franco et al. 2011; Anantharaman et al. 2011).

Similarly to the the MBTSA system, the implemented absorption process re-
quires a certain amount of heat for solvent regeneration. The regeneration of the
solvent takes place in the reboiler, and the heat required is usually provided by
condensing steam at a temperature near the boiling temperature of the solvent.
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Table 5.7: Specification of the MEA capture process.

Parameter Value Unit

Cooler exit temperature 40 ◦C
CO2 compressor inlet temperature 40 ◦C
CO2 compressor inlet pressure 1.6 bar
CO2 compressor delivery pressure 110 bar
Number of compressor stages 5 –
Booster fan isentropic efficiency 85 %
Booster fan mech.+ elec. efficiency 95 %
Pumps efficiency 75 %
Total gas pressure drop (in absorber) 0.1 bar
Steam pressure at reboiler inlet 3.05 bar
Steam temperature at reboiler inlet 134 ◦C
Solvent regeneration specific energy 3.95 MJ/kg

Following the same approach used by Fernandez et al. (2014), the steam required
by the reboiler is extracted from the IP turbine and then further conditioned via
pressure reduction and attemperation to meet the reboiler operating conditions.
The condensate exiting the reboiler is pumped back to the feed water tank.

5.5.3 Results of the process integration

The main results of the NGCC power plant simulations are summarized in Ta-
ble 5.8, where the following five cases are presented: (i) the NGCC without CO2

capture as reference case, (ii) the NGCC coupled with a MEA capture process
characterized by 90% capture rate, which corresponds to the minimum target pro-
cess specification, (iii) the NGCC coupled with a MEA capture process with a 95%
capture rate, for comparison with the MBTSA system, (iv) the NGCC integrated
with the MBTSA case using 180 ◦C as regeneration temperature (previously re-
ferred as Case A), (v) the NGCC integrated with the MBTSA case using 207 ◦C
as regeneration temperature (previously referred as Case B). By comparing the
investigated cases, the table shows how the different capture systems affect the
power plant performance in terms of net electric efficiency, including a detailed list
of the energy use associated to the capture process and power plant auxiliaries.

While the gas cycle is not affected by the capture process, as its operating
conditions remain unchanged, the steam cycle suffers from a reduction in power
output due to the steam extraction used to satisfy the heat demand of the capture
process. With regards to the MEA cases, low pressure steam is sufficient to provide
the required heat, as the reboiler is operated at relatively low temperature (134 ◦C
steam inlet temperature). On the contrary, the MBTSA process requires higher
steam extraction pressures, depending on the sorbent regeneration temperature,
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Table 5.8: Results of the NGCC power plant integration with the MBTSA and compar-
ison with the MEA capture process.

Without
capture

MEA
Case A

MEA
Case B

MBTSA
Case A

MBTSA
Case B

Capture efficiency (%) - 90.0 95.0 96.0 98.2
CO2 captured (t/h) - 229.4 242.2 243.2 248.8
CO2 emitted (t/h) 253.4 23.9 11.2 10.1 4.6
Specific emissions (kg/MWh) 316.0 32.5 15.3 13.2 6.0
GT gross electric power output (MW) 555.3 555.3 555.3 555.3 555.3
ST gross electric power output (MW) 246.5 182.2 178.5 214.8 211.3
Gross power output (MW) 801.8 737.5 733.9 770.1 766.7
Net power output (MW) 792.7 693.1 688.1 692.9 689.0
Net electric efficiency (% LHV) 63.1 55.1 54.7 56.2 55.9

Details on the steam extraction:

Steam extraction temperature (◦C) 292 292 395 465
Steam extraction pressure (bar) 3.62 3.62 8.17 13.16
Steam extracted flow (kg/s) 106.8 101.2 38.0 35.9
Heat input (MW) 251.7 265.7 101.2 100.7

Detailed plant auxiliaries:

Gas turbine auxiliaries (MW) 1.071 1.071 1.071 1.071 1.071
Condenser c.w. pump (MW) 0.728 0.423 0.384 0.559 0.569
Condensate forwarding pump (MW) 0.419 0.162 0.147 0.322 0.327
HP feedwater pump (MW) 4.604 4.609 4.609 4.605 4.605
IP feedwater pump (MW) 1.317 1.316 1.316 1.316 1.316
Steam turbine auxiliaries (MW) 0.518 0.383 0.375 0.451 0.444
Miscellaneous auxiliaries (MW) 0.401 0.369 0.367 0.385 0.383
Total CO2 capture auxiliaries (MW) 0 36.090 37.459 54.493 54.728
Total plant auxiliaries (MW) 9.057 44.422 45.729 63.246 63.490

Detailed CO2 capture auxiliaries:

Booster fan(s) (MW) 10.827 10.827 10.023 10.008
Electric chiller (MW) 15.330 15.330
Intercooled compressor (MW) 20.479 21.617 28.824 29.077
Cooling water pump (MW) 2.165 2.252 0.316 0.315
Solvent circulation pump (MW) 1.973 2.082
Condensate pump (MW) 0.014 0.015
Others (MW) 0.632 0.667
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Figure 5.10: Individual contribution to the overall duty of the four capture processes.

in order to ensure that the minimum pinch point within the heat exchanger is
satisfied. Although the MEA process requires steam at lower pressure, which is
beneficial for the steam cycle performance, the total amount of heat to be provided
by the steam is 2.5 times higher than for the MBTSA process.

The overall reduction in power output due to steam bleeding is smaller for the
MBTSA than for the MEA process, confirming that the thermal energy require-
ment for regeneration is a crucial process parameter to consider when selecting
a capture technology (Fernandez et al. 2014). However, when comparing the net
electric efficiency of the power plant, no significant difference is observed between
the two technologies. In particular, a reduction of about 7 and 8 percentage points
is caused by the integration of the MBTSA and the MEA processes, respectively.
The reason for this is the higher energy required by the CO2 capture auxiliaries
of the MBTSA. In this respect, the higher energy consumption of the MBTSA is
associated mainly to: (i) the use of the electric chiller for water removal and (ii)
the CO2 compressor, which uses approximately twice as much energy compared
to the MEA case due to the lower CO2 inlet pressure and the higher inlet temper-
ature (180 ◦C, against 40 ◦C for the MEA process). A graphical representation
of how the individual factors contribute to the total reduction in the net electric
efficiency for each case is shown in Figure 5.10. In this figure, the power loss due
to steam extraction is calculated as the difference between the power output of
the steam turbine in the reference NGCC without CO2 capture and the NGCC
with the corresponding capture system.

In terms of net electric efficiency, the values obtained for the MEA process
are in line with the results of similar studies available in literature (Lillia et al.
2018; Fernandez et al. 2014). In particular, Fernandez et al. (2014) estimated an
8.4 percentage points reduction, versus the 8.0 and 8.4 of this study, corresponding
to MEA cases A and B, respectively. As expected, the higher energy penalty

58



5.6. Chapter summary

is associated to the MEA process with the higher capture rate (Case B). By
increasing the capture rate, the heat input of the extracted steam also increases,
with a negative effect on the power output.

With respect to the MBTSA processes, better performance in terms of net
electric efficiency is obtained for Case A, in which the steam extracting pressure
is lower, with a beneficial effect on the power output of the steam turbines. Despite
the worse performance in term of net electric efficiency, Case B of the MBTSA
process outperforms the other four cases evaluated with regards to the amount of
CO2 emitted by the power plant.

5.6 Chapter summary

The application of the MBTSA technology for CO2 capture from a NGCC
power plant was evaluated. The performances of the MBTSA process in terms
of CO2 capture rate and CO2 purity were assessed via dynamic simulations per-
formed in gPROMS software. Input model parameters concerning the adsorbent
material were provided by experimentally measuring adsorption isotherms on a
pelletized sample of zeolite 13X. When designing the MBTSA process, two cases
employing different regeneration temperatures (180 ◦C for Case A and 207 ◦C for
Case B) were compared. In both cases the proposed system was able to meet the
process target specifications. In particular the obtained CO2 purities were 95.1%
and 95.8% for Case A and Case B respectively, with corresponding capture rates
of 96.0% and 98.2%. Based on the performed MBTSA simulations, the thermal
energy required for sorbent regeneration was also estimated. Promising results are
obtained when considering internal heat recovery, through which approximately
35% of the total energy required can be saved.

In addition, a more comprehensive analysis of the energy consumption associ-
ated to the CO2 capture process was performed by implementing a Thermoflex
model of the NGCC integrated with the capture process. Besides accounting for
the effect of steam extraction on the overall power plant performance, the devel-
oped model allows a detailed analysis of the energy penalties associated to the
various CO2 capture auxiliaries (e.g., booster fans, CO2 compressor, and electric
chiller for water removal from flue gas). For the sake of comparison, the appli-
cation of a benchmark absorption-based capture system was also considered by
suitably modifying the Thermoflex model of the reference NGCC. Interestingly,
no significant difference is observed in terms of overall power plant efficiency be-
tween the proposed MBTSA system and the MEA process. More specifically,
the overall power plant efficiency decreases from 63.1% to 55.1% for the case of
the MEA, and from 63.1% to 56.2% when applying the MBTSA capture process.
While the MBTSA requires less steam when compared to the MEA system, the
latter presents a lower energy penalty associated to the CO2 capture auxiliaries,
compensating the higher effect associated to steam extraction.
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Chapter 6

Comparison of MOF CPO27-Ni
and zeolite 13X

Metal-organic frameworks (MOFs) are a class of microporous materials with the
potential to improve the performance of adsorption-based separation technologies,
compared to more traditional materials such as activated carbons and zeolites
(Hefti et al. 2016; Danaci et al. 2020; Mondino et al. 2020). The large structural
and chemical diversity of MOFs make them suitable for a wide variety of potential
applications, including gas storage (Rosi et al. 2003; Morris et al. 2008), gas
separation (Bastin et al. 2008; Agueda et al. 2015; Adil et al. 2017), heat pumps
and chillers (De Lange et al. 2015; Teo et al. 2018), and catalysis (Jiao et al.
2018). Yet, the use of MOFs is negligible commercially, partly due to upscaling
and cost issues, and on the more technical side, lack of testing of shaped MOFs
under realistic conditions (Hefti et al. 2016; Mondino et al. 2020).

In the context of CO2 capture, the potential of MOFs has been explored in a
number of recent studies focusing on fixed bed PSA (Danaci et al. 2020; Masala
et al. 2017a) and TSA cycles (Hefti et al. 2016; Mason et al. 2011; Zhang et al.
2014). However, to the knowledge of the author, the use of MOFs for MBTSA
post-combustion capture processes has not been documented yet. In view of
this knowledge gap, the objective of this chapter is to evaluate the suitability
of a novel adsorbent material, namely the CPO-27-Ni MOF, as a candidate for
MBTSA capture processes.

The analysis is carried out considering the same NGCC case study described
in the previous chapter. First, the adsorption equilibrium properties of the CPO-
27-Ni are determined experimentally and fitted with the Virial model. The fitted
isotherm parameters are then used as input to design an MBTSA process for the
given flue gas specifications. The proposed MBTSA system is evaluated in terms
of different performance parameters, including CO2 purity and recovery, system
footprint, and energy duty. After that, the MBTSA process is integrated with
the model of the reference NGCC power plant to analyze how the presence of the

Part of the content of this chapter also is reported in G. Mondino, A. I. Spjelkavik, T.
Didriksen, S. Krishnamurthy, R. E. Stensrød, C. A. Grande, L. O. Nord, and R. Blom (2020).
“Production of MOF Adsorbent Spheres and Comparison of Their Performance with Zeolite
13X in a Moving-Bed TSA Process for Postcombustion CO2 Capture”. Industrial & Engineering
Chemistry Research 59.15, pp. 7198–7211

61



Chapter 6. Comparison of MOF CPO27-Ni with zeolite 13X

capture system affects the performance of the power plant. Finally, the results
obtained for the CPO-27-Ni adsorbent are compared with those obtained with the
zeolite 13X and benchmarked against the state-of-the-art MEA capture process.

6.1 Adsorbent material

The adsorbent material considered in this chapter is a CPO-27-Ni metal or-
ganic framework (MOF) synthesized at SINTEF laboratories in Oslo. The mate-
rial was produced in the form of spherical beads with a suitable size for MBTSA
systems, as depicted in the Scanning Electron Microscopy (SEM) pictures of Fig-
ure 6.1. The physical properties of the adsorbent used as basis for the MBTSA
process simulations are summarized in Table 6.1. Further details about the syn-
thesis, shaping and characterization of the adsorbent are available in Mondino
et al. (2020) and references cited therein.

In order to provide the MBTSA model with the equilibrium properties of
the material, the adsorption isotherms of CO2 and N2 on the CPO-27-Ni MOF
were measured and fitted with a suitable adsorption isotherm model as described
below. The pure-component equilibrium data were collected from zero to one bar

Figure 6.1: SEM pictures at increasing magnification of the CPO-27-Ni spheres.
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Table 6.1: Adsorbent properties adopted for the MBTSA simulations.

Parameter Value Unit

Adsorbent type CPO-27-Nia Zeolite 13Xb –
Particle shape Spherical beads Spherical beads –
Particle diameter 0.70 0.70 mm
Particle density 739 924 kg/m3

Particle porosity 0.38 0.34 –
Heat capacity 880 880 kJ/kg K

a Synthesized and shaped at Sintef (Norway)
b Provided by CWT (Germany)

at different temperatures between 30 and 120 ◦C using a commercial volumetric
BELSORP Max instrument (BEL, Japan). Sample activation was carried out
overnight with an external pretreatment unit (BELPREP II vac) at 120 ◦C under
vacuum followed by a short pretreatment (2 hours) with the BELSORP Max
instrument as part of the isotherm measurement procedure.

The results of adsorption equilibrium measurements on the CPO-27-Ni spheres
are shown in Figure 6.2, where the isotherms of zeolite 13X at 30 ◦C are also
included for the sake of comparison. The highest measured CO2 uptake on the
MOF (corresponding to 1 bar and 30 ◦C) is larger than that of the zeolite at
the same conditions. However, the situation is reversed at low partial pressures
(<0.2 bar), which are more relevant for post-combustion capture applications
where the adsorption of CO2 is typically carried out at low temperature and
low CO2 partial pressures. In particular, the CO2/N2 selectivity of the CPO-27-
Ni at the feed gas conditions (calculated according to Eq. (4.4)) is significantly
lower than that of the zeolite 13X (54 versus 169). On the other hand, CPO-
27-Ni adsorbs significantly less CO2 than zeolite 13X also at high temperatures
and close-to-atmospheric pressure (i.e., at desorption conditions in a temperature
swing cycle). This means that, for a given desorption temperature, a higher level
of regeneration can be achieved with the MOF.

Figure 6.2 also shows the results of the fitting with the Virial model obtained
by simultaneous nonlinear regression of the data in the whole temperature range.
Details on the methodology used for isotherm fitting is provided in Section 4.2.
The fitted parameters are listed in Table 6.2, where the corresponding values of
the zeolite 13X are also reported for the sake of comparison. The obtained heat
of adsorption of CO2 is lower for CPO-27-Ni (37.4 kJ/mol) than for zeolite 13X
(44.8 kJ/mol), which is beneficial in terms of limiting the energy requirement of
the capture process. The estimated heat of adsorption for the CPO-27-Ni spheres
is close to previously reported values of 38-39 kJ/mol for powder samples of the
same material (Dietzel et al. 2009; Queen et al. 2014).
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Table 6.2: Virial model parameters fitting the CO2 and N2 equilibrium isotherms for
CPO-27-Ni and zeolite 13X adsorbents.

CPO-27-Ni Zeolite 13X
CO2 N2 CO2 N2

K∞H mol/kg bar 2.000×10−5 2.975×10−5 1.619×10−5 5.482×10−5

∆H kJ/mol -37.390 -25.867 -44.7838 -22.6591
A0 kg/mol -0.7550 -2.1534 0.4220 -13.037
A1 K kg/mol 279.022 679.71 7.8371 3889.5
B0 kg2/mol2 0.5048 0.000 -0.0485 24.9613
B1 K kg2/mol2 -165.45 0.000 34.8669 -7213.8
C0 kg3/mol3 -0.0406 0.000 – –
C1 K kg3/mol3 14.930 0.000 – –

Figure 6.2: Adsorption isotherms of CO2 and N2 on CPO-27-Ni spheres in linear (top)
and logarithmic scale (bottom).
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6.2 Design of the MBTSA process

The objective of this section is to design an MBTSA capture system using the
CPO-27-Ni MOF adsorbent. The case study considered is the same power plant
analyzed Chapter 5, namely a 800 MW NGCC power plant with an exhaust gas
flow rate of 916 kg/s containing 5.15%vol of CO2 (see Table 5.1). The MBTSA
process was simulated with the same modeling approach described in Section 5.3.
In this case, the number of intervals used to discretize the axial space domain was
400 for the adsorption and desorption sections, 100 for the preheating, and 300
for the cooling section.

As basis for the design of the MBTSA with CPO-27-Ni, the process developed
in Section 5.3 using zeolite 13X was taken as the initial configuration. A series of
simulations was then performed by iteratively adjusting certain design parameters
until the desired process performance was achieved. In this respect, a minimum of
95% CO2 purity and 90% CO2 capture rate were set as targets. Also in this case,
the use of two MBTSA units was adopted due to the large amount of flue gas to
be treated. The list of design parameters that were modified and the final values
corresponding to the simulations presented in the following section are reported
in Table 6.3. The values of the original parameters from the zeolite case are also
reported in Table 6.3 for comparison.

In terms of constraints to be taken into account when adjusting the operating
conditions, a major difference between the zeolite and the MOF cases concerns the
choice of regeneration temperature; while no limitation was imposed in the zeolite

Table 6.3: Main design parameters and operating conditions used in the simulations of
the MBTSA process. Values referred to a single MBTSA unit.

CPO-27-Ni Zeolite 13X

Height of adsorption section (m) 3.5 1.5
Cross sectional area in adsorption section (m2) 254.5 254.5
Column void fraction in adsorption section (-) 0.8 0.8
Cross sectional area in other sections (m2) 78.5 78.5
Column void fraction in adsorption section (-) 0.6 0.6
Height of preheating section (m) 3 2
Height of desorption section (m) 6 9
Height of cooling section (m) 10 12
Adsorbent residence time / cycle time (min) 25.7 43.3
CO2 extraction pressure (bar) 0.97 0.97
Amount of circulating sorbent (kg/s) 350 245
Regeneration temperature (°C) 132 207
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study, a temperature of 132 ◦C was set as the maximum desorption temperature
for the CPO-27-Ni case to avoid potential degradation of the adsorbent. As sug-
gested by the isotherm plots depicted in Figure 6.2, this means that the adsorbent
will still contain a significant amount of CO2 adsorbed (above 1 mol/kg) when
leaving the desorption section. In other words, only part of the captured CO2 will
be recovered as a result of a temperature increase occurring within the desorption
section. However, the remaining CO2 can be recovered by further purging the
adsorbent while traversing the subsequent cooling section. For this purpose, a
small fraction (approximately 5%wt) of the CO2-free product leaving the adsorp-
tion section is recirculated to the cooling section, where it flows counter-currently
to the adsorbent inducing further desorption of CO2, see Figure 2.1.

The flow of recirculated gas through the cooling section also serves to maintain
the pressure inside the column close to atmospheric pressure, as the cooling of
the adsorbent would otherwise promote adsorption of the surrounding gas, and
thus a decrease in pressure in the bulk phase. As a result of this recirculation
through the cooling section, a small gas stream (approximately 7%wt of the feed
gas) containing a certain amount of CO2 is released from the top of the cooling
section. As seen in Figure 2.1 (dashed blue lines), the released gas is recycled and
mixed with the flue gas feeding the adsorption section with the aim to the CO2

recovery of the process. As a result of this measure, the CO2 partial pressure in
the feed gas is also increased. For simplicity, it is assumed that the recycled gas
is cooled down to the feed gas temperature before mixing. A similar strategy was
adopted in the zeolite case, with the difference that the gas released at the top of
the cooling section (dashed black line in Figure 2.1) was directly mixed with the
CO2 product obtained from the desorption section, rather than being mixed with
the feed gas.

6.3 Process simulation results

This section present the results of the MBTSA simulations in terms of: (i) tem-
perature and concentration profiles along the adsorption, preheating, desorption
and cooling sections and (ii) overall process performance indicators. In addi-
tion, the performance of the MBTSA systems designed for the CPO-27-Ni and
zeolite 13X adsorbents is compared in terms of purity, recovery and energy use.
Finally, the impact of the capture process on the performance of the reference
NGCC power plant is analysed and compared against a MEA absorption process.
To this purpose, the proposed MBTSA process was integrated with the NGCC
power plant model following the methodology described in Section 5.5.
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6.3.1 Concentration and temperature profiles

The simulation results in terms of concentration and temperature profiles along
the height of each moving bed section are shown in Figures 6.3 to 6.6 and compared
with the profiles obtained using zeolite 13X. One of the main differences between
the two cases concerns the shape of the concentration profiles in the adsorption
section. As CPO-27-Ni presents a more spread profile, it was necessary to increase
the length of the adsorption to 3.5 m (versus the original 1.5 m of the zeolite case),
leading to higher pressure drops. The reason for this is related to the difference
in the CO2 adsorption isotherms of the two adsorbents at the feed gas conditions,
which are steeper for the zeolite.

Another difference that is noticeable in Figure 6.3 is the higher amount of N2

co-adsorbing with CO2 on CPO-27-Ni. This is a result of the lower equilibrium
selectivity of CPO-27-Ni compared to zeolite 13X. However, this does not affect
the purity of the CO2 product because most the N2 desorption occurs within
the preheating section (Figure 6.4). Here, as the adsorbent moves downwards,
it undergoes a first increase in temperature, which induces a shift in adsorption
equilibrium. Most of the adsorbed N2 is released to the gas phase and removed
at the top of the section, while the CO2 concentration in the gas phase increases
without a significant change in the adsorbed concentration. Similarly to the gas
recovered from the cooling section, the gas released from the preheating section
is recycled to feed gas (shown as dashed black line in Figure 2.1). The flow rate
of the recycle stream is a approximately 1%wt of the total feed gas.

The majority of CO2 is then desorbed as a result of further heating of the
adsorbent occurring in the desorption section (Figure 6.5). By setting a mild
vacuum (0.97 bar) as evacuation pressure, the released gas is collected at the
bottom, where high CO2 purity is achieved. Lastly, the adsorbent is cooled as it
traverses the cooling section (Figure 6.6). Here, a small stream of nearly pure N2

recirculated from the adsorption section is used as purge gas to further regenerate
the adsorbent from the remaining CO2. As previously mentioned, the fraction
of recirculated gas is approximately 5% of the total CO2-free gas leaving the
adsorption section.

As shown in Figures 6.3 to 6.6 and reported in Table 6.3, the advantage of
the zeolite of having a shorter adsorption section is offset by the need for longer
cooling and desorption sections, due to their higher regeneration temperature. In
fact, with respect to sorbent inventory, the process using zeolite is outperformed
by CPO-27-Ni: despite circulating a lower amount of material in terms of kg/s,
the total amount of adsorbent required (i.e., the amount of adsorbent that is
processed in one cycle) is 43% higher due to the much longer residence time of
the zeolite.
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Figure 6.3: Adsorbent loading, molar fractions and temperature profiles along the height
of the adsorption section of the moving bed using CPO-27-Ni spheres (top plots) and
zeolite 13X (bottom plots). The flue gas flows counter-currently to the adsorbent: position
zero corresponds to the bottom of the section, i.e. flue gas inlet and adsorbent outlet.

Figure 6.4: Adsorbent loading, molar fractions and temperature profiles along the pre-
heating section of the moving bed using CPO-27-Ni (top plots) and zeolite 13X (bottom
plots). Position zero corresponds to outlet of the adsorbent (bottom of the section).
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Figure 6.5: Adsorbent loading, molar fractions and temperature profiles along the des-
orption section of the moving bed (top plots) and zeolite 13X (bottom plots). The flue
gas flows co-currently to the adsorbent: Position zero corresponds to the bottom of the
section, i.e. the CO2 extraction point, and sorbent outlet.

Figure 6.6: Adsorbent loading, molar fractions and temperature profiles along the cool-
ing section of the moving bed using CPO-27-Ni spheres (top plots) and zeolite 13X (bot-
tom plots). Position zero corresponds to the bottom of the section, i.e. the inlet of
recirculation gas and sorbent outlet.
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6.3.2 Performance of the MBTSA process

The performance of the MBTSA system using CPO-27-Ni was assessed in terms
of CO2 purity, capture rate, and energy use, and the values obtained are reported
in Table 6.4. The results concerning the MBTSA process using zeolite 13X (see
Section 5.4) are also included for the sake of comparison. Notably, both the MOF-
and zeolite-based processes are able to meet the target performance in terms of
purity and capture rate. In particular, the MBTSA process using CPO-27-Ni
achieved a higher purity (98.9%) than that obtained with the zeolite (95.8%).
Conversely, the capture rate of the MBTSA using CPO-27-Ni (92.6%) is somewhat
lower than that of the zeolite-based process (98.2%). Moreover, the productivity
of the MOF- and zeolite-based processes was 222 and 200 kgCO2/tsh, respectively,
which is significantly higher than that of conventional fixed bed processes (Plaza
et al. 2017; Joss et al. 2017)

With regards to the thermal energy required for sorbent regeneration, the pro-
cess using zeolite 13X consumes only 10% more heat, despite the significantly
higher regeneration temperature (207 versus 132 ◦C). This indicates that the
effect of the higher temperature swing is partially offset by the much lower ad-
sorbent flow rate (490 versus 700 kg/s). Interesting results are found also in
terms of specific energy use. In particular, the amount of heat per unit of CO2

captured required by the CPO-27-Ni (2.15 MJ/kg CO2) is slightly lower than the
corresponding value of the zeolite-based system (2.24 MJ/kg CO2). However, when
part of the heat is internally recovered, the situation is reversed and the process
employing zeolite 13X becomes more energy-efficient, consuming 1.42 MJ/kg CO2

versus the 1.89 MJ/kg CO2 of the MOF-based process. The reason for this is that
the process using zeolite 13X offers a higher potential for heat integration due to
its higher regeneration temperature.

Table 6.4: MBTSA process simulation results for CPO-27-Ni and zeolite 13X.

CPO-27-Ni Zeolite 13X

CO2 purity 98.9% 95.8%
CO2 capture rate 92.6% 98.2%
Process productivity 222 kgCO2/t sh 200 kgCO2/tsh
Amount of circulating sorbent 700 kg/s 490 kg/s
Regeneration temperature 132 ◦C 207 ◦C
Energy required for sorbent regeneration:

- without heat integration 142.9 MWth 158.7 MWth

- with heat integration 125.6 MWth 100.7 MWth

Specific energy for sorbent regeneration:
- without heat integration 2.15 MJ/kg CO2 2.24 MJ/kg CO2

- with heat integration 1.89 MJ/kg CO2 1.42 MJ/kg CO2
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6.3.3 Integration with NGCC power plant

On the basis of the results obtained with the MBTSA simulations, the amount
of thermal energy required for sorbent regeneration was computed and used as
input to the NGCC model simulations. The results of the MBTSA and power
plant integration are summarized in Figure 6.7 and Table 6.5. The CPO-27-Ni
case is compared with the reference moving bed process using zeolite 13X, the
benchmark amine-based process, and the reference NGCC plant without capture.

As shown graphically in Figure 6.7, one of the main differences between the
moving bed and amine-based systems is the additional energy penalty associated
with the drying of the flue gas for the MBTSA cases. This drying process is
required because the selected adsorbents (zeolite 13X and CPO-27-Ni) are incom-
patible with a high water content in the flue gas. In particular, the drying process
accounts for approximately 17% of the total energy penalty of the capture sys-
tem. Another factor playing in favor of the MEA process is the slightly higher
pressure at which CO2 is separated, which implies lower power consumption in
the CO2 compressor. On the other hand, the MBTSA processes present a signif-
icantly lower heat demand for sorbent regeneration and hence a lower power loss
associated with the steam extraction.

When comparing the zeolite-based process with the MOF-based process, the
higher energy penalty due to the pressure drops in the CPO-27-Ni system is com-
pensated by the smaller power output penalty associated with steam bleeding. In
fact, despite requiring a slightly higher amount of energy for sorbent regeneration
(both in terms of total heat input and specific heat per kg of CO2 captured),
the process using CPO-27-Ni allows extraction of steam at lower temperature and
pressure, which is beneficial for the performance of the steam cycle (see Table 6.5).

Although the breakdown of the total energy penalty associated with the CO2

capture process differs from case to case (see Figure 6.7), the overall performance
of the NGCC power plant in terms of net electric efficiency is very similar in all
cases. In particular, both MBTSA capture processes lead to a reduction of about
7 percentage points with respect to the reference plant without capture, while the
amine-based process causes a reduction of 8 percentage points.
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Table 6.5: Main simulation results of MBTSA with CPO-27-Ni and integration of cap-
ture process with NGCC power plant.

Reference

NGCC
NGCC with

MEA process
NGCC with

zeolite 13X
NGCC with

CPO-27-Ni

CO2 purity (%) – 99.9 95.8 98.9
CO2 recovery (%) – 95.0 98.2 92.6
Heat input to capture unit (MWth) – 266 101 125
Specific heat input (MJth/kgCO2) – 3.95 1.42 1.89
CO2 captured (tCO2/h) – 242 249 240
CO2 emitted (tCO2/h) 253 11.2 4.6 18.8
Specific emissions (kgCO2/MWh) 316 15 6 24
NGCC gross power output (MWel) 802 734 767 773
GT gross power output (MWel) 555 555 555 555
ST gross power output (MWel) 246 179 211 218
Steam extraction flow rate (kg/s) – 107 35.9 50.4
Steam extraction temperature (◦C) – 292 465 277
Steam extraction pressure (bar) – 3.22 12.3 2.66
CO2 capture auxiliaries (MWel) – 37.5 54.7 60.1
NGCC net electric efficiency 63.1 54.7 55.9 56.1

Figure 6.7: Individual contributions to the overall capture duty. Comparison of the
MBTSA process with CPO-27-Ni, MBTSA with zeolite 13X and amine-based process.
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6.4 Chapter summary

The suitability of a novel adsorbent material, namely CPO-27-Ni MOF, as
a candidate for MBTSA capture processes was evaluated and compared to the
commercial zeolite 13X studied in the previous chapter. A sample of the selected
adsorbent, shaped as spherical beads of suitable size for moving bed systems
(700 µm), was characterized in terms of adsorption equilibrium properties to-
wards CO2 and N2. Based on the measured isotherms, the CO2/N2 equilibrium
selectivity was calculated at conditions representative of an NGCC flue gas, and
the value obtained was three times lower than that of the reference zeolite.

Despite its lower selectivity, process simulation results showed that the MBTSA
system using CPO-27-Ni is able to achieve the design targets for CO2 purity and
recovery (i.e., higher than 95% and 90%, respectively), while using slightly less
thermal energy compared to the zeolite-based process. The reason for this is that
the zeolite 13X needs to be regenerated at a significantly higher temperature due to
its stronger affinity for CO2. In particular, the specific energy consumption of the
MBTSA process using the CPO-27-Ni is 2.15 MJ/kgCO2 , while the corresponding
value for zeolite 13X is 2.24 MJ/kgCO2 . However, if part of the thermal energy is
provided by internal heat recovery, the zeolite-based process becomes more energy
efficient, consuming 1.42 MJ/kgCO2 against the 1.89 MJ/kgCO2 required by the
MOF-based system.

In addition, a more in-depth analysis of the capture process energy consump-
tion was performed by integrating a model of the reference NGCC power plant
with the two capture processes. Besides accounting for the effect of steam bleeding
on the overall power plant performance, the integrated model allows a detailed
analysis of the energy penalties associated to the various CO2 capture auxiliaries
(e.g., booster fans, CO2 compressor, and water removal). The numerical simula-
tions showed that, despite requiring a slightly higher amount of energy for sorbent
regeneration, the process using CPO-27-Ni allows extraction of steam at a lower
temperature and pressure, which is beneficial for the performance of the steam
cycle. However, this advantage is partially offset by the higher pressure drop asso-
ciated with the additional length required in the adsorption section, which in turn
leads to a higher power consumption in the flue gas booster fans. Although the
distribution of the energy penalties is different between the MOF- and the zeolite-
based processes, the overall performance of the NGCC power plant in terms of
net electric efficiency is very similar in both cases. In particular, both MBTSA
capture processes lead to a reduction of about 7 percentage points with respect
to the reference plant without capture, which is comparable to a solvent-based
MEA process.
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Chapter 7

Conclusions and Further Work

7.1 Conclusions

This Ph.D. thesis studied the suitability of the MBTSA technology for CO2

capture as an alternative to the energy-intensive post-combustion technologies
currently in use. For this purpose, a mathematical model of the MBTSA process
was developed and utilized to design MBTSA systems for two applications: (i) a
waste-to-energy CHP plant and (ii) a NGCC power plant. The proposed MBTSA
processes were assessed in terms of different performance indicators, including
separation performance, energy consumption, and system footprint. In addition,
the results were benchmarked against conventional fixed bed adsorption processes
and the state-of-the-art amine-based absorption technology.

The MBTSA model developed during the course of this Ph.D. project was
obtained by applying the mass, momentum and energy balances to the differ-
ent sections of the system. The resulting set of partial differential equations and
boundary conditions were implemented in the gPROMS environment and solved
simultaneously using the composite model approach. One distinguishing feature
of the MBTSA model is that, instead of imposing a fixed wall temperature in
the heating and cooling sections, it includes additional energy balances for the
heating/cooling fluid and heat exchanger wall. This approach enables the predic-
tion of the temperature of the gas, adsorbent, wall, and heat transfer fluid along
system, which is necessary to obtain an accurate estimation of the heating and
cooling duties required to operate the process. Furthermore, the MBTSA model
also accounts for the internal heat recovery achieved by coupling the preheating
and precooling sections, which, in turn, allows for a realistic estimation of the
external energy duty required by the capture process.

The performance of the indirect-contact heat exchangers employed to pro-
vide and remove heat from the sorbent depends largely on the sorbent-side heat
transfer coefficient, as it is the limiting thermal resistance between the gas/solid
phases and the heating/cooling fluid. The correct estimation of this parameter
is therefore crucial for the design of an MBTSA system. Nevertheless, the au-
thor could not find any heat transfer correlation suitable for the heat exchanger
configuration and operating conditions considered in this work. For this reason,
a series of experiments were performed to determine the heat transfer coefficient
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of an activated carbon adsorbent flowing in the cross-flow shell-and-tube heat
exchanger of a lab-scale moving bed apparatus. The analysis of the results re-
vealed a direct dependence between the heat transfer coefficient and the sorbent
flow rate, while no dependence was observed on the sorbent temperature. The
trend of the experimental results suggested that operating the system at higher
sorbent flow rates could lead to even higher heat transfer coefficients. However,
this hypothesis could not be verified due to the limitations of the experimental
apparatus. In any case, the heat transfer coefficients obtained (70–120 W/m2 K)
were significantly higher than those typically encountered in fixed bed configu-
rations (10–50 W/m2 K). This confirmed that the moving bed configuration has
the potential to address one of the main limitations of the fixed bed TSA process,
namely, the low productivity due to the slow heating and cooling of the adsorbent.

The results of the experimental campaign were used to develop a correlation
for the sorbent-side Nusselt number as a function of the Péclet number. This
correlation was incorporated into the MBTSA computational model, which was
then used to design and analyse an MBTSA process for an industrial-scale ap-
plication. The case study considered was a waste-to-energy CHP plant with a
power output of 16.8 MWel, a thermal output of 64.6 MWth, and an exhaust flue
gas flow rate of 56 kg/s with 11%vol CO2 concentration. The adsorbent material
was the same commercial activated carbon used in the heat transfer experiments.
Despite the low selectivity of the adsorbent, the proposed MBTSA process was
able to achieve high CO2 purity (97.2 %) and capture rate (90.8%), at the expense
of adopting a high regeneration temperature (187 ◦C) and solid-to-gas ratio (11.6
kg of adsorbent per kg of flue gas). These two factors led to a rather high energy
consumption (5.7 MJ/kgCO2) compared with the values reported in literature for
other adsorbents. Nevertheless, the designed MBTSA system was able to achieve
high process productivity (181 kgCO2/t adsh). This can be attributed to the fast
temperature swings associated with the high sorbent-side heat transfer coefficient
of the moving bed configuration. Overall, the results of the waste-to-energy case
study indicated that the MBTSA technology is suited to capture CO2 at high pu-
rity and recovery, while achieving higher process productivity than fixed bed TSA
processes. However, the energy performance of the capture process was relatively
poor, especially considering that 53.5% of the heat required to regenerate the ad-
sorbent was provided by internal heat recovery. In this regard, it is believed that
the thermal energy required by the proposed MBTSA system may be significantly
reduced by replacing the activated carbon material by other adsorbents having
higher capacity and selectivity towards CO2, such as zeolites or MOFs.

Moreover, this thesis evaluated the suitability of the MBTSA technology in the
context of power generation from natural gas. The case study considered was a
800 MW NGCC power plant with an exhaust gas of 916 kg/s containing 5.15%vol
of CO2. Two different MBTSA capture processes were proposed: one using a com-
mercial zeolite 13X and other using a novel CPO-27-Ni MOF adsorbent. The two
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systems were able to meet the target specifications in terms of CO2 purity (> 95%)
and capture rate (> 90%), while achieving higher productivity than conventional
fixed bed TSA processes. Even if the separation performance of both processes was
similar, the distinct physical properties of the adsorbent materials led to different
system dimensions and operating conditions, demonstrating the flexibility of the
MBTSA technology. One important difference between the two processes was
the choice of regeneration temperature. The maximum desorption temperature
of the CPO-27-Ni process was limited to 132 ◦C to avoid potential degradation of
the adsorbent. Conversely, adsorbent degradation was not a concern in the zeo-
lite 13X case, and the regeneration temperature was set to 207 ◦C. This selection,
together with the adoption of internal heat recovery, had a marked impact on the
energy use of the processes. In particular, the amount of heat per unit of CO2

captured required by the CPO-27-Ni process (2.15 MJ/kg CO2) was slightly lower
than the corresponding value of the zeolite-based system (2.24 MJ/kg CO2). How-
ever, when part of the heat was internally recovered, the situation was reversed
and the process employing zeolite 13X became more energy-efficient, consuming
1.42 MJ/kg CO2 versus the 1.89 MJ/kg CO2 of the MOF-based process. The rea-
son for this is that the process using zeolite 13X offers a higher potential for heat
integration due to its higher regeneration temperature.

One could argue that the preceding energy analysis and comparison between
processes is not fair because: (i) it ignores that the heat required by the capture
processes is provided at different temperatures and (ii) it does not account for the
additional power required to compensate the pressure drop across the MBTSA
sections, or to rise the pressure of the CO2-rich stream to meet transport spec-
ifications. To address these limitations, the influence of the capture system on
power plant performance was analyzed by integrating the MBTSA with a pro-
cess model of the NGCC power plant. Besides accounting for the effect of steam
extraction on the net electric efficiency of the power plant, the NGCC process
model enabled the evaluation of the energy penalties associated to the various
CO2 capture auxiliaries (e.g., booster fans, CO2 compressor, and electric chiller
for water removal from flue gas). The numerical simulations showed that, even
if the process using the CPO-27-Ni adsorbent required more thermal energy for
sorbent regeneration (125.6 vs 100.7 MWth), the energy penalty associated with
steam extraction was smaller (25.8 vs 29.1 MWel) because the steam extraction
was performed at lower temperature and pressure. However, this advantage was
partially offset by the higher pressure drop associated with the additional length
required in the adsorption section of the CPO-27-Ni process, which in turn led
to a higher power consumption in the flue-gas booster fans (17.3 vs 10.1 MWel).
Although the distribution of the energy penalties was different between the MOF-
and the zeolite-based processes, the overall performance of the NGCC power plant
in terms of net electric efficiency was very similar in both cases. In particular,
both MBTSA capture processes led to a reduction of about 7 percentage points
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with respect to the reference plant without CO2 capture.

Moreover, the zeolite- and MOF-based MBTSA processes were benchmarked
against the state-of-the-art MEA absorption technology. One of the main dif-
ferences between the moving bed and amine-based systems was the additional
energy penalty associated with the drying of the flue gas for the MBTSA cases.
This drying process was required because the selected adsorbents (zeolite 13X
and CPO-27-Ni) are incompatible with a high water content in the flue gas. In
particular, the drying process represented approximately 17% of the total energy
penalty of the capture system. Another advantage of the MEA process was the
slightly higher pressure at which CO2 is separated, which led to lower power con-
sumption in the CO2 compressor. By contrast, the thermal energy required, and
hence the power loss associated with steam extraction, was significantly lower
for both MBTSA processes. Even if the breakdown of the total energy penalty
differed between the MBTSA systems and the MEA process, no significant dif-
ference was observed in terms of overall power plant efficiency. In particular, the
net electric efficiency of the reference power plant was 63.1%, while the efficiency
of the power plant with CO2 capture was 54.7% for the case of MEA, 56.1% for
the MBTSA using CPO-27-Ni, and 56.2% for the MBTSA using zeolite 13X.

In conclusion, the simulation results suggest that the MBTSA process applied
to NGCC power plants is suitable for capturing CO2 at high purity and high
capture rate, while being competitive with the state-of-the-art capture process
in terms of energy penalty. Considering the much earlier stage of development
of this technology with respect to the MEA process, the MBTSA seems to offer
a large potential for process improvement and should be considered for further
development.

7.2 Further work

The MBTSA systems analyzed in this thesis were designed by adjusting the
process parameters and operating conditions in an iterative manner until a sat-
isfactory performance was achieved. Besides being time-consuming, this manual
design approach relies heavily on the previous experience of the designer and it
is likely to overlook potential interaction between variables that could lead to
better process performance. In this respect, systematic exploration of the design
space is a promising way to decrease the time required for design, achieve higher
process performance, and acquire a better understanding of the performance en-
velope with respect to the decision variables. In particular, extensive parametric
analysis applied to the current MBTSA model could help to identify which are
the most influential parameters, quantify the potential for improvement in terms
of different performance indicators, and guide the path towards the development
of an automatic optimization strategy.
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Future work may also be devoted to assess the performance of the MBTSA
process for other adsorbent materials than those considered in this thesis. In
addition, the developed MBTSA model could be extended to explore other con-
figurations and operation strategies that may enable the separation of the CO2

in a more energy-efficient way. As an example, the use of a lower operating pres-
sure within the desorption section might be considered as a measure to improve
sorbent regeneration and cyclic adsorption capacity. Furthermore, the applica-
tion of the MBTSA as a CO2 capture technology could be evaluated for other
hard-to-carbonize industries such as cement and steel manufacturing.
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A B S T R A C T
The present work considers the utilization of a moving bed temperature swing adsorption (MBTSA) process forCO2 capture as alternative to the commercial absorption-based technologies, in the context of natural gascombined cycle (NGCC) power plants. A detailed mathematical model consisting of energy, mass and momentumbalances was implemented in gPROMS software, in order to investigate the system behavior under differentoperating conditions and design parameters. Results show that under the simulated process conditions, thesystem is suitable for capturing CO2 at high purity and high capture rate. Promising results are obtained also interms of process energy duty, by performing a preliminary analysis that takes into account the heat required forsorbent regeneration. Furthermore, the effect of implementing the MBTSA process on plant performance wasstudied, by integrating the capture system with a process model of the reference power plant. A detailed analysisof the energy use associated with the capture process auxiliaries was performed. Finally, the power plant modelwas used to simulate the same NGCC system coupled with a state-of-the-art absorption process, for a directcomparison between the two capture technologies.

1. Introduction
In post-combustion CO2 capture, adsorption processes are con-sidered a promising alternative to the commercial absorption-basedtechnology, which suffers from high costs and high energy penalties(Liang et al., 2016). While requiring further developments as a CO2capture technology, solid sorbents are already commercially used in awide range of applications, from air separation, to hydrogen purifica-tion, gas drying and methane purification (Ruthven, 1984). In all theseprocesses, the adsorbent material is used in a cyclic manner, switchingbetween adsorption and desorption steps, where the latter (i.e. sorbentregeneration) is performed either by a change in pressure (PressureSwing/Vacuum Pressure Swing) or in temperature (TemperatureSwing). The same concept can be employed for post-combustion CO2capture, provided that the adsorbent is selective toward CO2 at the fluegas conditions.The main issue with conventional temperature swing adsorption(TSA) processes, where the adsorbent is packed in large columns, is thelong cycle time associated to the heating and cooling steps, which cantake several hours (Plaza et al., 2017). One way to overcome this issue,thus significantly improving the efficiency of the separation process, isto employ the moving bed temperature swing adsorption (MBTSA)

concept, in which the adsorbent circulates through different sections,always operated at the same conditions for their specific purpose: ad-sorption, desorption, or cooling.The MBTSA process has been previously suggested for CO2 captureby Knaebel (2009) and SRI International (Hornbostel et al., 2013), whorespectively used zeolites and activated carbons as adsorbent materials.The same concept has been lately proposed as a viable option for post-combustion capture by Kim et al. (Kim et al., 2013, 2014; Son et al.,2014), who investigate the possibility of reducing the energy penalty ofthe process by internal heat integration.At GHGT-13 we presented a simplified assessment of the MBTSAprocess in the Natural Gas Combined Cycle (NGCC) context (Grandeet al., 2017). More recently we have carried out a more comprehensivestudy of the MBTSA process using the composite model approach ingPROMS software (gPROMS, 2016) to simultaneously simulate thedifferent sections composing the MBTSA (Mondino et al., 2017). Thecomposite model was used to investigate the application of the MBTSAfor CO2 from a coal fired power plant. Based on the detailed model forthe coal case (Mondino et al., 2017), the present work aims to give amore thorough assessment of the performance of an MBTSA process inthe NGCC context. For this purpose, the configuration of the system isadapted to the NGCC case study, which differs from the coal fired
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power plant in terms of flue gas conditions (temperature, pressure, flowrate and composition). Due to the lower CO2 partial pressure in the fluegas, the use of zeolites is considered, as zeolites present a significantlyhigher selectivity towards CO2 compared to activated carbons (Chueet al., 1995).Adsorption equilibrium data was experimentally measured for theselected adsorbent and fitted with a mathematical model in order toprovide the required model parameters. A set of simulations was per-formed by varying several design parameters and operating conditions,as well as adjusting the system configuration, in order to reach thedesired product gas specifications, in terms of CO2 purity and capturerate. Furthermore, the amount of energy required for sorbent re-generation was evaluated by applying the energy balance across thepreheating and desorption sections of the moving bed, where the

adsorbent was heated to the regeneration temperature. The use ofsteam from the power plant was considered for this purpose, in additionto a heat integration scheme that reduces the need of external heat byrecovering heat within the MBTSA system.In order to evaluate the impact of the CO2 capture system on thepower plant efficiency, Thermoflex software was used (ThermoflowVersion, 2017). A computational model of the NGCC power plant ableto accommodate the capture system was built, and full plant-analysisperformed. The power plant model was also used to simulate the sameNGCC system without CO2 capture unit, as reference case, as well as aNGCC system coupled with a state-of-the-art absorption process, for adirect comparison between the two capture technologies.

Nomenclature
A first Virial coefficient (kgmol−1)a′ particle specific area (m2m−3)B second Virial coefficient (kg2 mol−1)Bi Biot numberCp,g gas mixture mass specific heat at constant pressure(J kg−1 K−1)cp gas mixture molar specific heat at constant pressure(Jmol−1 K−1)cp,pack specific heat capacity of packing material (J kg−1 K−1)cp,s specific heat capacity of the adsorbent (J kg−1 K−1)
cv gas mixture molar specific heat at constant volume(Jmol−1 K−1)Cb,i molar concentration of component i in the macropores(mol m−3)Ci molar concentration of component i (mol m−3)CT total gas concentration (mol m−3)Dc micropore effective diffusivity of component i (m2 s−1)
Dc

0 micropore limiting diffusivity at infinite temperature(m2 s−1)Dij binary molecular diffusivity (m2 s−1)Dh hydraulic diameter (m)Dm molecular diffusivity (m2 s−1)Dp,i macropore diffusivity of component i (m2 s−1)Dz axial dispersion coefficient (m2 s−1)dp particle diameter (m)Ea activation energy of micropore diffusion (kJ/mol)kg thermal conductivity of the gas (Wm−1 K−1)Ki equilibrium constant of component i (mol kg−1 kPa−1)
Ki equilibrium constant at infinite temperature (molkg−1 kPa−1)

hf film heat transfer coefficient between the gas and the solid(J s−1m−2 K−1)hg,hx film heat transfer coefficient between the gas and the wall(J s−1m−2 K−1)Km film mass transfer coefficient (m s−1)
Mw molecular weight (gmol−1)qi adsorbed phase concentration of component i (mol/kg)R ideal gas constant (J K−1mol−1)rc crystals radius (m)Rp particle radius (m)Pi partial pressure of component i (kPa)T temperature of the gas (K)Ts temperature of the solid (K)Thx temperature of the wall (K)u superficial velocity of the gas (m s−1)
vsolid velocity of the solid (m s−1)Yi molar fraction of component i
Greek letters
ΔH isosteric heat of adsorption (kJ/mol)
ε bed void fraction
εp particle porosityλ heat axial dispersion coefficient (J m−1 s−1 K−1)μg gas viscosity (Pa s)
ξ packing porosity factorρg gas density (kgm−3)ρp particle density (kgm−3)ρpack packing density (kgm−3)

Dij dimensionless collision integral of binary diffusivity

Fig. 1. Layout of the reference NGCC power plantwithout CCS, where the following abbreviationsare used: Comp. for compressor section in gasturbine; Turb. for turbine section in gas turbine,HPT, IPT and LPT for high, intermediate and lowpressure steam turbines, respectively; HRSG forheat recovery steam generator; HPS, IPS, LPS forhigh, intermediate and low pressure superheaters,respectively; HPE, IPE, LPE for the correspondingeconomizers; HPB, IPB and LPB for the boilers;and RH for the reheater.
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2. Framework for the process simulations
The application considered for the MBTSA capture process consistsof an NGCC with a net power output of nearly 800MW. The powerplant was initially modeled through GT PRO software (Thermoflowpackage (Thermoflow Version, 2017)), in order to provide the inputdata for the MBTSA model, in terms of flue gas specifications.The NGCC object of this study was designed with the aim of re-presenting the current state-of-the-art technology in combined cycles,which are engineered to achieve net efficiencies exceeding 63% LHVbased (Vandervort, 2018). For this purpose, the General Electric9HA.02 model was adopted for the Gas Turbine (GT), fueled by naturalgas. Details on the natural gas compositions and heating values arelisted in Appendix A6 .A three pressure levels and reheat type steam cycle configurationwas employed. As a common measure to increase the power plant ef-ficiency (Fernandez et al., 2014; Anantharaman et al., 2011), the fuel ispreheated prior the combustor with part of the steam produced in theintermediate pressure (IP) drum. The resulting plant layout is shown inFig. 1, while a summary of the main operating conditions and perfor-mance parameters is presented in Table 1.The next paragraphs contain a description of the MBTSA processand model approach, followed by a description of the adsorbent ma-terial employed and characterized. Furthermore, details are given onhow the MBTSA model results were used as basis for the integration ofthe capture process with the power plant for full-plant analysis. Finally,some details are given concerning the comparison of the MBTSA pro-cess with an amine-based CO2 capture process.

2.1. The MBTSA process and model simulations
A schematic diagram of an MBTSA system is shown in Fig. 2. Asshown in the figure, the MBTSA system is composed of the followingthree main sections through which the pelletized adsorbent circulates:the adsorption section at the top (black in the figure), the desorptionsection (red in the figure) and the cooling section at the bottom (blue inthe figure).In the adsorption section the adsorbent particles falls counter-cur-rently to the flue gas, capturing the incoming CO2. The adsorbentleaving from the bottom of the adsorption section is loaded with CO2extracted from the flue gas and continues into the desorption (re-generation) section. In the desorption section, heat is transferred to theadsorbent promoting desorption of CO2 that is further assisted by lightvacuum for extraction. In this work it is assumed that the desorptionsection is operated as an indirect-contact heat exchanger where steamfrom the power plant is used as heat transfer fluid.The unloaded adsorbent is then cooled down in the cooling sectionand transported back to the top of the reactor, ready to start a newcycle. As shown in the figure, preheating and precooling sections canalso be employed in order to recover part of the heat from the hotpowder leaving the desorption section for preheating the powderleaving the adsorption section.The mathematical model describing the MBTSA (Fig. 2) consists of aset of partial differential equations (unsteady and one dimensional)obtained by applying the mass, energy and momentum balance to theindividual sections (adsorption, desorption and cooling section).One of the main differences compared to a fixed-bed adsorptionmodel is given by the terms containing vsolid (i.e. velocity of the solid)appearing in the mass and energy balance equations, which representthe contribution due to the movement of the adsorbent along the axialcoordinate. It should be noted that, unlikely fixed bed adsorption sys-tems, the counter current moving bed can be operated at steady state.Although a dynamic model is used for simulations, only the steady-statebehaviors is investigated in this study, and all results presented wereobtained during steady-state.The set of coupled differential equations, implemented on gPROMS

software for each section of the moving bed, has to be solved simulta-neously for continuous process simulations. For this purpose, the in-dividual units were connected to each other in a so-called “compositemodel” flowsheet on gPROMS (Liu et al., 2011). With the gPROMScomposite model approach, the different sections of the moving bedcommunicate with each other through specifically defined variable-ports. The purpose of these inlet-outlet ports is to transfer certain modelvariables (e.g. gas and solid phase concentrations, temperature andpressure) at the boundary of the corresponding section-space domain,so that the model instances can exchange information with the adjacentmodel instances during simulation. As an example, the boundary con-ditions for the solid phase at the top of the adsorption section (i.e.sorbent inlet), will be assigned based on the variables computed withinthe cooling section, so that the conditions of the adsorbent leaving thecooling section are used as input at the top of the adsorption section.This allows to take into account for example for a non-complete re-generation of the solid performed in desorption section, which in turnswill affect the performance of the adsorption section, and thus theoverall process. More details on the modeling approach and underlyingassumptions can be found in Appendix B.The simulations were performed by discretizing the axial spacedomain of each process sections with the centered finite differencemethod (CFDM), with second order approximation. The number of in-tervals employed to discretize the axial space domain was 200 for theadsorption and the cooling sections, 100 for the preheating and 400 forthe desorption section.A set of simulations was performed by varying several designparameters and operating conditions, as well as adjusting the systemconfiguration, in order to improve the process performances, with theaim of obtaining high CO2 purity and capture rate. The following valueswere set as minimum targets, based on the typical specifications re-quired for CO2 transport and storage: 95% CO2 purity and 90% CO2capture rate.Furthermore, the total amount of energy required for sorbent
Table 1Summary of technical data of the reference NGCC plant.
Gas cycleGT model GE 9HA.02Fuel type Natural gasNet fuel energy input (MW) 1257.3GT gross electric power output (MW) 555.3Fuel temperature at combustor inlet (°C) 180Fuel pressure at combustor inlet (bar) 39.29Fuel flow (kg/s) 27.17Air temperature at compressor inlet (°C) 15Air flow (kg/s) 957GT inlet temperature (°C) 1504.5GT exhaust temperature (°C) 646.9GT exhaust pressure (bar) 1.051 barGT exhaust gas flow (kg/s) 984.1
Steam cycleNumber of pressure levels 3ST gross electric power output (MW) 246.5HP turbine inlet temperature (°C) 600HP turbine pressure (bar) 186HP turbine inlet flow (kg/s) 126IP turbine inlet temperature (°C) 600IP turbine inlet pressure (bar) 30IP turbine inlet flow (kg/s) 142.9LP turbine inlet temperature (°C) 72.32LP turbine pressure (bar) 0.3447LP turbine inlet flow (kg/s) 161Condenser pressure (bar) 0.0586
Combined cycleGross combined electric power output (MW) 801.8Net power output (MW) 792.8Net electric efficiency 63.05CO2 emitted (kg/s) 70.82
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regeneration was evaluated by applying the energy balance across thepreheating and desorption sections, where the adsorbent is heated tothe regeneration temperature. The amount of thermal energy that canbe recovered by transferring heat from the hot adsorbent leaving thedesorption section to the adsorbent that has to be regenerated, wasestimated by analyzing the temperature profiles along the heating andcooling sections, and the corresponding heat exchanged. A graphicalprocedure was used for this purpose, by plotting the hot and coldcomposite curves on an temperature-enthalpy diagram. The minimumamount of external heat required was estimated by moving the coldcurve along the enthalpy axis so that a minimum temperature differ-ence is ensured at the pinch point. As conservative assumption, con-sidering that a third heat transfer media is used for transferring therecoverable heat, a value of 20 °C was assumed as ΔT minimum on bothsides (hot and cold). With the same approach, the amount of externalheat required was estimated in order to provide the input for process

integration with the power plant.As previously mentioned, the characteristics of the flue gas con-sidered for the application of the MBTSA in this work refer to an NGCCpower plant. In order to reduce the computational effort in the MBTSAsimulations, the composition of the exhaust gas, obtained with theNGCC model in GT PRO software, was simplified to a binary mixture ofN2 and CO2. For this purpose the following assumptions were made: O2and Ar behave similarly to N2 (Baksh et al., 1992; Park et al., 2006;Merel et al., 2008), and the water vapor is removed prior the MBTSAunit. The resulting flue gas specifications, used as input for designingand simulating the MBTSA process, are listed in Table 2.
2.2. The adsorbent material

Besides reducing the computational effort of the MBTSA simula-tions, another reason for considering dried flue gas is to avoid limitingthe choice of the adsorbent to those materials having low affinity to-wards water, such as activated carbons. For the purpose of this study, itwas therefore possible to employ a Zeolite 13X, which is suitable for theNGCC case, for its high CO2 adsorption capacity at low CO2 partialpressures and high CO2/N2 selectivity (Zanco et al., 2018; Hefti et al.,2015; Lillia et al., 2018; Merel et al., 2008).A sample of Zeolite 13X, pelletized into spherical particles of700 μm diameter, was purchased by CWK, Germany. The size of theparticles was chosen to be higher than few hundreds μm in order toavoid fluidization in the adsorption section of the moving bed, wherelarge flow rates move counter currently to the adsorbent.In order to provide the MBTSA model with the necessary data of theadsorbent, the purchased Zeolite 13X was characterized in terms ofpure components adsorption isotherms of CO2 and N2. The measure-ments were performed in a volumetric apparatus (Belsorp Max,MicrotracBEL) at seven different temperatures in the range of10–180 °C, up to 1.05 bar. Prior to the measurements the sample wasregenerated at 320 °C under vacuum for 10 h, in order to remove anypresence of impurities or moisture adsorbed.

Fig. 2. Schematic diagram of the MBTSA (right) and summary of model equations.
Table 2Main input parameters adopted in the MBTSA simulations:specifications of the NGCC exhaust gas and adsorbentproperties.
Flue gas at MBTSA inletTemperature 30 °CPressure 1.05 barFlowrate 916 kg/s
CompositionCO2 5.15 vol%N2 94.85 vol%
Adsorbent propertiesAdsorbent type Zeolite 13XParticles shape SpheresParticles diameter 700 μmParticle porosity 0.5Particle density 1100 kg/m3Heat capacity 880 kJ/(kg K)

G. Mondino, et al. International Journal of Greenhouse Gas Control 85 (2019) 58–70

61



Fitting of the experimental data was performed using the Virialmodel (Taqvi and LeVan, 1997; Shen et al., 2012; Barrer, 1981), whichprovides the parameters to use as input for the multicomponent ad-sorption equations implemented in the MBTSA model. Details on themethods used for the isotherms fitting can be found elsewhere(Mondino et al., 2017). In order to account for competitive adsorptionof the two gases, the extension of the Virial model for multicomponentadsorption equilibrium (Ribeiro et al., 2008; Shen et al., 2010) wasimplemented in the MBTSA simulations, as shown in Fig. 2.
2.3. Integration of the MBTSA process and the power plant

In order to evaluate the impact of the CO2 capture system on thepower plant efficiency, the NGCC model initially developed in GT PROwas exported into Thermoflex and appositely modified in order to ac-commodate the capture process. The reason for using Thermoflex isthat, compared to GT PRO, it allows a higher degree of model custo-mization.The layout of the NGCC power plant integrated with the MBTSAsystem is shown in Fig. 3. The main modifications with respect to thereference case (NGCC plant without CO2 capture, shown in Fig. 1) in-clude: (i) the extraction of steam from the IP turbine, needed in theMBTSA for sorbent regeneration, (ii) a drying unit, employed for re-moving water from the flue gas upstream the MBTSA, (iii) a com-pressor/fan compensating for the pressure drops of the MBTSA, (iv) aCO2 compressor, (v) a cooling water circuit that takes into account thecooling demand of the MBTSA system.The extracted steam is processed by an indirect counter current heatexchanger that mimics the desorption section of the MBTSA, in terms ofinlet/outlet temperatures of the cold fluid and heat duty. The con-densed water leaving the heat exchanger is returned to the deaeratorafter appropriate pressure reduction. The amount of steam extractedand the corresponding pressure will therefore be determined based onthe heat exchanger duty, while assuring that the condensed outlettemperature corresponds to the deaerator operating temperature. Asimilar approach is used for simulating the cooling part of the MBTSAprocess, where cooling water is used, implying the use of a circulatingpump.The drying unit consists of three components: (i) a gas-water contactheat exchanger where the flue gas is cooled to 30 °C, (ii) an electricchiller that further reduces the temperature of the flue gas to 16 °C, (iii)a fan placed upstream the gas-water contact heat exchanger, for over-coming the pressure drops of the drying steps. The flue gas leaving thedrying units still contains a small amount of water (approximately

1.8 mol%), which should also be removed. Although this final step wasnot included in the present work, it was assumed that the remainingwater can be removed in a process with limited energy consumption,applying the same approach described by Lillia et al. (2018), where theactivated alumina used for adsorbing water is regenerated by the CO2-free product of the capture process.Lastly, the CO2 compressor consists in five inter-cooled stagescharacterized by an isentropic efficiency of 85% for each stage. Theinlet conditions (i.e. gas composition, flow rate, temperature andpressure) are set based on the results obtained with the MBTSA simu-lations. The delivery pressure is assumed to be 110 bar.
2.4. Comparison with an amine based capture process

One of the aims of this work is to provide a plant-level comparisonof the developed MBTSA process with the benchmark amine basedcapture technology. For this purpose, the reference NGCC model wasagain modified in Thermoflex software (Thermoflow Version, 2017),which provides a built-in model of a standard chemical absorptionprocess using MEA (MonoEthanolAmine) as solvent. Together withcertain user-inputs, the built-in model provides an estimate of the totalauxiliary power, heat consumption, and cooling duty required by theprocess, as well as its impact on the combined cycle efficiency.The main input that were provided to the software when im-plementing this model are representative of a typical MEA process witha specific energy input of 3.95MJ/kg (Fernandez et al., 2014; Francoet al., 2011; Anantharaman et al., 2011). A comprehensive list of pro-cess parameters adopted is can be found in Appendix A7 .The implemented absorption process requires a certain amount ofsteam for covering the heat duty of the reboiler. Using the same ap-proach used by Fernandez et al. (2014), the necessary steam is ex-tracted at a pressure close to the steam condensing pressure in the re-boiler and further conditioned for reboiler use. The condensate from thereboiler is pumped back to the feed water tank.
3. Results and discussion
3.1. Adsorption equilibrium of CO2 and N2 on Zeolite 13X

The results of CO2 and N2 isotherms measurements, performed onthe Zeolite 13X in a wide range of temperature (10–180 °C), are shownin Fig. 4, together with the isotherms fitting, given by the Virial model(solid lines). As expected, the adsorption capacity of CO2 is significantlyhigher than the adsorption capacity of N2, in the whole temperature
Fig. 3. Layout of the reference NGCC powerplant integrated with the MBTSA process.Comp. for air compressor; Turb. for gas tur-bine; HPT, IPT and LPT for high, intermediateand low pressure turbines, respectively; HRSGfor heat recovery steam generator; HPS, IPS,LPS for high, intermediate and low pressuresuperheaters, respectively; HPE, IPE, LPE forthe corresponding economizers, HPB, IPB andLPB for the boilers; and RH for the reheater.
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and pressure ranges examined. At 30 °C and 0.0515 bar, which corre-spond the CO2 partial pressure at the feed gas conditions, the equili-brium capacity of CO2 is 3.5 mol/kg, versus 0.4mol/kg of N2 at the feedgas conditions (30 °C and 0.996 bar). This confirms the high equili-brium selectivity of the adsorbent, which is beneficial for the MBTSAprocess, where high purity of the CO2 product is desired.The values of the parameters obtained by fitting the isotherms withthe Virial model are listed in Table 3. The heat of adsorptions obtainedby the Virial fitting is in good agreement with the values obtained fromthe slope of the Van’t Hoff plot, shown in Fig. 5, where the Henry's lawconstant are plotted against the reciprocal of temperature (Shen et al.,2010; Ruthven, 1984; Yang, 1987).
3.2. MBTSA process performances

Based on the CO2 adsorption capacity at the feed gas conditions andthe corresponding flow of CO2 that is to be captured, it was possible tomake an initial estimation of the amount of sorbent required (in termsof kg/s) and determine the size of the unit. Due to the large amount offlue gas to be processed (over 900 kg/s) it was necessary to employ twoMBTSA units, as the gas velocity within the adsorption section must bekept below the minimum fluidization velocity and the size of thecolumn should be limited to realistic values.A set of simulations was then performed by varying several designparameters and operating conditions, as well as adjusting the systemconfiguration, in order to reach the desired CO2 purity and capture rate.Details on the system dimensions and operating conditions employedcan be found in Appendix B9 . Results of the gPROMS simulations areshown in Figs. 6–9, in terms of N2 and CO2 concentration profilesreached at steady state in each section of the MBTSA. In all figures, thehorizontal axis represents the position along the height (vertical co-ordinate) of the corresponding MBTSA section, being zero the bottom ofthe section, i.e. the sorbent outlet, while the upper limit of the axiscorresponds to the top of the section. For clarity purpose, the flow di-rections of gas and sorbent are also shown on the plots, by the greenarrows.The corresponding temperature profiles, for both the gas and solidphases, are shown in Fig. 10. In order to limit the increase in tem-perature due to the high heat of adsorption of CO2, with a consequentreduction in adsorption capacity, it was decided to operate the ad-sorption section similarly to the cooling section, where heat is removedfrom the sorbent by indirect heat exchange with cooling water.Nevertheless, an increase in temperature of nearly 20 °C is observedwithin the adsorption section.Thanks to the high equilibrium selectivity of the Zeolite 13X, theadsorbent leaving the adsorption section contains a nearly negligible

amount of N2 in the adsorbed phase, which has a beneficial effect on theobtainable CO2 purity. As it passes through the preheating section theCO2 loaded adsorbent is heated from 30 °C to approximately 90 °C(solid outlet temperature). The change in temperature is accompaniedby a change in CO2/N2 ratio in the gas phase (Fig. 7), as part of theadsorbed CO2 is released by the adsorbent. However, due to the highCO2 adsorption capacity even at relatively high temperatures, thechange in adsorbent loading taking place within the preheating sectionis very limited. This means that most of the desorption will take place inthe desorption section, where the temperature is further increased to180 °C (Case A) and 207 °C (Case B). In order to direct the gas flowtowards the CO2 extraction line, and thus avoiding upward gas flowwithin the desorption section, a mild vacuum (0.97 bar) is applied atthe bottom of the section (sorbent outlet).Due to the steepness of the CO2 isotherm, when leaving the deso-rption section, the adsorbent loading of CO2 is still significant (nearly1mol/kg). Part of this CO2 can be removed from the adsorbent andrecovered from the top of cooling section, by recirculating a smallfraction of the CO2-free gas from the adsorption section to the coolingsection. If the flow or recirculated gas through the cooling section issufficiently small, the gas leaving from the top will contain mostly CO2and can be mixed with the CO2 product exiting the desorption sectionwithout excessively reducing the CO2 purity.The total amount of energy required for sorbent regeneration wasevaluated by applying the energy balance across the preheating anddesorption sections, where the adsorbent is heated to the regenerationtemperature. The amount of thermal energy that can be recovered bytransferring heat from the hot adsorbent leaving the desorption sectionto the adsorbent that has to be regenerated, was estimated by analyzingthe temperature profiles along the heating and cooling sections, and thecorresponding heat exchanged.As expected, the system behavior is very sensitive to the regenera-tion temperature, as it directly affects the CO2 working capacity andthus the amount of adsorbent required. A lower regeneration tem-perature, which is beneficial when considering heat integration usingwaste heat from the power plant, implies a less efficient regeneration ofthe sorbent and thus has to be compensated by increasing the amount ofcirculating sorbent. As an example of simulation results, two casesemploying different regeneration temperatures are presented inTable 3. Better CO2 purity and capture rate are obtained in the case ofhigher regeneration temperature (Case B), which also requires 16.3%less adsorbent. When comparing the total amount of thermal energyrequired, the case using lower regeneration temperature (Case A) seemsto be more efficient. However, due to the difference in CO2 capture rate,the specific energy consumption of the two cases in terms of energyrequired per unit mass of CO2 captured does not differ significantly.

Fig. 4. CO2 (left) and N2 (right) adsorption isotherms on Zeolite 13X at temperatures between 10 and 180 °C, and pressures up to 1.05 bar: experimental values(symbols) and fitting with Virial model (lines).
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Table 4
3.3. Results of the power plant integration

The main results of the Thermoflex (Thermoflow Version, 2017)simulations are shown in Table 5, where the following five cases arepresented: (i) the NGCC without CO2 capture as reference case, (ii) theNGCC coupled with a MEA capture process characterized by 90%capture rate (which corresponds to the minimum target process speci-fication), (iii) the NGCC coupled with a MEA capture process with a

95% capture rate, for comparison purposes with the MBTSA system,(iv) the NGCC integrated with the MBTSA case using 180 °C as re-generation temperature (previously referred as Case A), (v) the NGCCintegrated with the MBTSA case using 207 °C as regeneration tem-perature (previously referred as Case B). By comparing the investigatedcases, the table shows how the different capture systems affect thepower plant performance in terms of net electric efficiency, including adetailed list of the energy use associated to the capture process andpower plant auxiliaries.While the gas cycle is not affected by the capture process, as itsoperating conditions remain unchanged, the steam cycle suffers from areduction in power generated, due to the steam bleeding for meetingthe heat demand of the capture process. As regard to the MEA cases,low pressure steam is sufficient to provide the required heat, as thereboiler is operated at relatively low temperature (134 °C steam inlettemperature). On the contrary, the MBTSA process requires highersteam extraction pressures, depending on the sorbent regenerationtemperature, in order to maintain the minimum pinch point within theheat exchanger. Although the MEA process requires steam at lowerpressure, which is beneficial for the steam cycle performances, the totalamount of heat to be provided by the steam is 2.5 times higher than forthe MBTSA process. The overall reduction in power output due to steambleeding is smaller when MBTSA process is chosen over the MEA pro-cess, confirming that the thermal energy requirement for regenerationis a crucial process parameters to consider when selecting a capturetechnology (Fernandez et al., 2014). However, when comparing the netelectric efficiency of the power plant, no significant difference is ob-served between the two technologies, causing a reduction of about 7and 8 percentage points for the MBTSA and the MEA respectively. Thereason for this is the higher energy required by MBTSA when com-paring the CO2 capture auxiliaries. In this respect, the higher energyconsumption of the MBTSA are associated mainly to: (i) the use of theelectric chiller for water removal, (ii) the CO2 compressor, which usesapproximately double amount of energy compared to the MEA case,due to the lower inlet pressure of the CO2 to be compressed and the

Table 3Virial model parameters fitting CO2 and N2 adsorption isotherms on Zeolite 13X at temperatures between 10 and 180 °C and pressures between 0 and 1.05 bar.
K∞ mol kg−1 kPa −ΔH (kJ/mol) A0 (kgmol−1) A1 (kg K/mol) B0 (kg2 mol−1) B1 (kg2 K/mol2)

CO2 1.61935×10−7 44.7838 0.4220 7.8371 −0.0485 34.8669N2 5.48207×10−7 22.6591 −13.037 3889.5 24.9613 −7213.8

Fig. 5. Van’t Hoff plot for estimation of isosteric heat of adsorption: CO2 in redand N2 in green. (For interpretation of the references to color in this figurelegend, the reader is referred to the web version of this article.)

Fig. 6. Adsorbent loading (left) and molar fraction (right) profiles along the vertical coordinate of the adsorption section.
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higher inlet temperature (180 °C, against 40 ∘C for the MEA process). Agraphical representation of how the individual factors contribute to thetotal reduction in the net electric efficiency for each case is shown inFig. 11, where the power loss due to steam extraction is calculated asthe difference between the steam turbine power output in the referenceNGCC without CO2 capture and the NGCC with the correspondingcapture system.In terms of net electric efficiency, the values obtained for the MEAprocess are in line with the results of similar studies available in lit-erature (Lillia et al., 2018; Fernandez et al., 2014). Fernandez et al.(2014) estimated a 8.4 percentage points reduction, versus the 8.0 and8.4 of this study, corresponding to Case A and Case B respectively. Asexpected, the higher energy penalty is associated to the MEA process

with the higher capture rate (Case B). By increasing the capture rate,the heat input of the extracted steam also increases, with a negativeeffect on the power output.With respect to the MBTSA processes, better performances in termsof net electric efficiency are obtained for Case A, in which the steamextracting pressure is lower, with a beneficial effect on the poweroutput of the steam turbines. Despite the worse performance in term ofnet electric efficiency, Case B of MBTSA process outperform the otherfour cases evaluated in regards to the amount of CO2 emitted by thepower plant.

Fig. 7. Adsorbent loading (left) and molar fraction (right) profiles along the vertical coordinate of the preheating section.

Fig. 8. Adsorbent loading (left) and molar fraction (right) profiles along the vertical coordinate of the desorption section.

Fig. 9. Adsorbent loading (left) and molar fraction (right) profiles along the vertical coordinate of the cooling section.
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4. Conclusions
The application of MBTSA technology for CO2 capture from a NGCCpower plant is evaluated. The performances of the MBTSA process interms of CO2 capture rate and CO2 purity are assessed via dynamic si-mulations performed in gPROMS software. Input model parametersconcerning the adsorbent material were provided by experimentallymeasuring adsorption isotherms on a pelletized sample of Zeolite 13X.When designing the MBTSA process, two cases employing differentregeneration temperatures (180 °C for Case A and 207 °C for Case B)were compared. In both cases the proposed system is able to meet theprocess target specifications, being the obtained CO2 purity 95.1% and95.8% for Case A and Case B respectively, with corresponding capture

rates of 96.0% and 98.2%.Based on the performed MBTSA simulations, the thermal energyrequired for sorbent regeneration is estimated. Promising results areobtained when considering internal heat recovery, through which ap-proximately 35% of the total energy required can be saved.A more comprehensive analysis of the energy consumption asso-ciated to the CO2 capture process is performed by implementing a fullplant model of the NGCC integrated with the capture process. TheThermoflex software is used for this purpose. Besides accounting for theeffect of steam bleeding on the overall power plant performances, thedeveloped model allows a detailed analysis of the energy penalties as-sociated to the various CO2 capture auxiliaries (e.g. booster fans, CO2compressor, and electric chiller for water removal from flue gas).

Fig. 10. Temperature profiles along the vertical coordinate of: adsorption section (top left), cooling section (top right), desorption section (bottom left), coolingsection (bottom right).

Table 4Summary of process design and process simulation results for two case studies (values referred to the two MBTSA units).
Case A Case B

Amount of circulating sorbent 570 kg/s 490 kg/sCO2 working capacity 2.76mol/kgsorbent 3.28mol/kgsorbentRegeneration temperature 180 °C 207 °CCO2 purity (%) 95.1 95.8CO2 capture rate (%) 96.0 98.2
Energy required for sorbent regeneration–Without heat integration 152.7MWth 158.7MWth–With heat integration 101.2MWth 100.7MWth
Specific energy for sorbent regeneration–Without heat integration 2.21MJ/kgCO2captured 2.24MJ/kgCO2captured–With heat integration 1.46MJ/kgCO2captured 1.42MJ/kgCO2captured

G. Mondino, et al. International Journal of Greenhouse Gas Control 85 (2019) 58–70

66



For comparison purposes, the application of a benchmark capturesystem was also considered, by suitably modifying the Thermoflexmodel of the reference NGCC. Interestingly, no significant difference isobserved between the proposed MBTSA system and the MEA process:the overall net electric efficiency decreases from 63.1% to 55.1% and56.2% when applying the capture process to the MEA and the MBTSArespectively. While the MBTSA requires less steam when compared tothe MEA system, the latter presents a lower energy penalty associated tothe CO2 capture auxiliaries, compensating the higher effect associatedto steam bleeding.In conclusion, the results show that, based on the assumptionsmade, the simulated MBTSA process applied to NGCC power plant issuitable for capturing CO2 at high purity and high capture rate, whilebeing competitive with the state-of-the-art capture process in terms ofenergy penalties. Considering the much earlier stage of development ofthis technology in respect with the MEA process, the MBTSA seems tooffer a larger potential for process improvement and should be con-sidered for further development. In this respect, dedicated experimentalactivities are underway including testing of a lab scale MBTSA system.
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Fig. 11. Individual contribution to the overall duty of the analyzed captureprocesses.

Table 5Results of the power plant integration with the MBTSA and comparison with the MEA capture process.
Without capture MEA case A MEA case B MBTSA case A MBTSA case B

Capture efficiency (%) – 90.0 95.0 96.0 98.2CO2 captured (t/h) – 229.4 242.2 243.2 248.8CO2 emitted (t/h) 253.4 23.9 11.2 10.1 4.6Specific emissions (kg/MWh) 316.0 32.5 15.3 13.2 6.0GT gross electric power output (MW) 555.3 555.3 555.3 555.3 555.3ST gross electric power output (MW) 246.5 182.2 178.5 214.8 211.3Gross power output (MW) 801.8 737.5 733.9 770.1 766.7Net power output (MW) 792.7 693.1 688.1 692.9 689.0Net electric efficiency (% LHV) 63.1 55.1 54.7 56.2 55.9
Details on the steam extractionSteam extraction temperature (°C) 292 292 395 465Steam extraction pressure (bar) 3.62 3.62 8.17 13.16Steam extracted flow (kg/s) 106.8 101.2 38.0 35.9Heat input (MW) 251.7 265.7 101.2 100.7
Detailed plant auxiliariesGas turbine auxiliaries (MW) 1.071 1.071 1.071 1.071 1.071Condenser c.w. pump (MW) 0.728 0.423 0.384 0.559 0.569Condensate forwarding pump (MW) 0.419 0.162 0.147 0.322 0.327HP feedwater pump (MW) 4.604 4.609 4.609 4.605 4.605IP feedwater pump (MW) 1.317 1.316 1.316 1.316 1.316Steam turbine auxiliaries (MW) 0.518 0.383 0.375 0.451 0.444Miscellaneous auxiliaries (MW) 0.401 0.369 0.367 0.385 0.383Total CO2 capture auxiliaries (MW) 0 36.090 37.459 54.493 54.728Total plant auxiliaries (MW) 9.057 44.422 45.729 63.246 63.490
Detailed CO2 capture auxiliariesBooster fan(s) (MW) 10.827 10.827 10.023 10.008Electric chiller (MW) 15.330 15.330Intercooled compressor (MW) 20.479 21.617 28.824 29.077Cooling water pump (MW) 2.165 2.252 0.316 0.315Solvent circulation pump (MW) 1.973 2.082Condensate pump (MW) 0.014 0.015Others (MW) 0.632 0.667
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Appendix A. Fuel properties and MEA process specifications
Tables A6 and A7

Appendix B. Main assumptions and remarks on the MBTSA model
The conservation equations describing the moving bed adsorption system are obtained by assuming that mass, velocity and temperature gra-dients in the radial direction are negligible. The model also assumes ideal gas behavior in the bulk phase, constant cross sectional area, constantvelocity of the adsorbent and constant void fraction.In the resulting one-dimensional balance equations, detailed in Fig. 2, two phases can be distinguished: (i) a gas phase, which exchanges energyand mass with the adsorbent, and only energy with the wall; and (ii) a solid phase, onto which the gas diffuses and adsorbs.The main model variables are therefore: gas velocity and pressure, gas concentrations of each component in the bulk phase, gas concentrations inthe macropores of the adsorbents, adsorbed phase concentrations, temperature of the bulk gas phase and temperature of the solid phase. While thepressure drops are computed using the Ergun equation, the adsorption equilibrium between the gas phase in the macropores and the adsorbed phaseis described by the Virial isotherms model.The adsorption kinetics is predicted with a lumped resistance model based on the linear driving force (LDF) approximation. The exponentialtemperature dependence typical of activated processes is used to compute the effective diffusivity within the adsorbent. The model equation andparameters used for this purpose are given in Table B8, together with other supplementary equations and correlations used in the simulations.As previously mentioned, for providing (and removing) the necessary heat to the system, an indirect contact type heat exchanger configurationwas assumed. For simplicity, a constant convective heat transfer parameter (hg,hx), and fixed temperature of the heat transfer surface along thevertical axis (Thx) were assumed. The hydraulic diameter (Dh) of the adsorbent-gas side (i.e. the ratio between the volume of the adsorbent-gas sideand the heat transfer area on the same side, at a given positing along the vertical axis) is adjusted in order to ensure that sufficient heat transfer areais available, thus allowing the adsorbent to reach the desired temperature within the traversed heat exchanger. Numerical values of the assumed heattransfer parameters, system dimensions, and residence times within each sections of the moving bed are given in Table B9.

Table A6Fuel specification used in the NGCC simulations.
Volumetric compositionHydrogen H2 0.36 %Oxygen O2 0.07 %Nitrogen N2 3.65 %Carbon monoxide CO 0.09 %Carbon dioxide CO2 0.34 %Methane CH4 87 %Ethane C2H6 8.46 %Ethylene C2H6 0.03 %
Heating valuesLHV 46280 kJ/kgHHV 51237 kJ/kg

Table A7Specification of the MEA capture process.
Parameter Value
Specific energy input (Fernandez et al., 2014) 3.95MJ/kgCooler exit temperature 40 °CCO2 compressor inlet temperature 40 °CCO2 compressor inlet pressure 1.6 barCO2 compressor delivery pressure 110 barNumber of compressor stages 5Booster fan isentropic efficiency 85%Booster fan mech.+ elec. efficiency 95%Pumps efficiency 75%Total gas pressure drop (in absorber) 0.1 barSteam pressure at reboiler inlet (Fernandez et al., 2014) 3.05 barSteam temperature at reboiler inlet (Fernandez et al., 2014) 134 °C
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Table B8Supplementary equations and model parameters used in the MBTSA simulations.
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kf dp
Dm

N2: Ea=12 kJ/mol; =D r/ 10c
0 2 s−1

Table B9Details on the MBTSA design and parameters.
MBTSA section
Adsorption Preheating Desorption Cooling

Length (m) 1.5 2 9 12Number of discretization intervals 200 100 400 200Inlet gas superficial velocity (m s−1) 1.50Cross sectional area (m2) 254.5 78.5 78.5 78.5Adsorbent residence time (s) 257 247 1111 1481Heat transfer coefficient (Wm−2 s−1) 90 90 90 90Hydraulic diameter (m) 0.04 0.10 0.10 0.08
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ABSTRACT: Well-shaped 300−700 μm spheres of aggregated metal−organic frame-
work CPO-27-Ni crystallites have been produced using a spray-granulation method with
cross-bonded alginate as the binder. The spheres are suitable for use in a moving-bed
temperature-swing adsorption (MBTSA) process for postcombustion CO2 capture. The
adsorption isotherm data of CO2, N2 ,and H2O have been measured in the temperature
intervalof 30−120 °C, and adsorption kinetics have been estimated from breakthrough
measurements. The adsorption data together with the physical characteristics of the
spheres (pore-size distribution and porosity) have been used to simulate the performance
of a MBTSA process utilizing the CPO-27-Ni/alginate spheres as adsorbent and
compared to similar simulations using Zeolite 13X spheres. Simulations have been carried
out in a natural gas-fired power plant (NGCC) context. The process simulations indicate
that the net electric efficiency of the NGCC plant with a MBTSA process utilizing the
CPO-27-Ni/alginate spheres is similar to that of a MBTSA process utilizing Zeolite 13X
adsorbent, 56.1% and 55.9%, respectively, which are slightly higher than the net efficiency of the benchmark case NGCC with a
MEA-based solvent process of 54.7%.

■ INTRODUCTION

Metal−organic frameworks (MOFs) are a class of microporous
materials with large structural and chemical diversity and a
high number of potential uses within adsorption-based
technologies such as gas storage,1−10 gas and liquid
separation,11−13 protection against toxic-industry compounds
(TICs),14 heat pumps and chillers,15,16 water harvesting,17

antimicrobial treatment,18 catalysis,19 and sensors.20−22 Yet the
use of MOFs is negligible commercially, partly due to
upscaling and cost issues, and on the more technical side,
one of the hindrances for further development is the lack of
real testing of shaped MOFs under realistic conditions. Since
most technologies require materials with a specific structure,
either pellets, spheres, monoliths, or other, it is important that
high yield methods for shaping MOFs are developed that
maintain the good properties of the starting material but have a
higher material density and a shape that gives optimal fluid
transport throughout the material during the process. Having
this, relevant data for the different applications can be
obtained.
MOFs combine an inorganic atom, ion, or cluster with one

or more multifunctional organic linkers to build up the porous
framework. Some MOFs are only stable at relatively low
temperatures and decompose readily when exposed to water,
while others are stable under harsh conditions such as in
boiling water over prolonged periods.23 Furthermore, the

physical stability of the MOF crystallites toward external
pressures and elevated temperatures vary widely, and
especially, MOFs having extremely high surface areas are the
most sensitive and will collapse at relatively low pressures.
Traditional methods for material shaping, such as extrusion
and pelletization, involve the use of pressure, which often
causes a significant reduction in specific surface area and
porosity.24−26 Therefore, in many cases, soft chemistry
methods for MOF shaping are needed that give the wanted
structures with the needed physical strength and at the same
time maintain the porosity and surface area of the MOF.
When used in CO2 capture technologies, the adsorbent

material should be able to selectively adsorb CO2 from the
targeted gas mixture. In the case where the CO2 is to be
removed from a flue gas, either from power plants (coal or gas
fired) or energy intensive industries (cement, steel, waste
incinerators), the total pressure of the flue gas is often around
1 atm with 4−30 vol % CO2, the rest being N2, O2, H2O, and
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varying amounts (most often in the ppm range) of SOx, NOx,
and other impurities depending on the combustion source and
flue gas cleaning. Disregarding the sulfur- and nitrogen-
containing impurities, there are several MOFs that show
promising performance for removal of CO2 at low partial
pressures in the presence of water vapor: the CPO-27/MOF-
74/M2(dobdc) (dobdc = 2,5-dioxidobenzene-1,4-dicarboxy-
late) family with either Mg or Ni as a metal component,27

UTSA-16,28 the SiFSIX family with either Cu or Zn as a metal
component,29 and last, but not least, the Diamin-appended
mmen-Mg2(dobpdc) (dobpdc = 4,4′-dioxidobiphenyl-3,3′-
dicarboxylate) system,30 all showing high selectivity for CO2
over N2, significant CO2 capacity at around 10 kPa CO2
pressure, and also reasonable stable cyclic performance in the
presence of water vapor.31−33

We have recently developed a soft-chemical method to
produce well-shaped MOF spheres based on the use of cross-
bonded alginates.34 With this method, we can produce MOF
spheres containing 85−95 wt % MOF (dry basis) with
negligible loss in specific surface area except the 10%−15% loss
induced by the alginate in the spheres. The method is general
but requires that the MOF is stable in water for the time
needed to make the spheres, typically around 1 h.
Different processes need different sizes of the spheres. In the

search for new promising adsorbent and processes for
postcombustion CO2 capture, we are building a lab-scale
moving-bed temperature swing adsorption (MBTSA)
unit.35−38 Such a process will need adsorbent particles having
good flowability and average diameters in the 0.3−1.0 mm
range to avoid too long intraparticle diffusion pathways causing
slow rate of adsorption. We believe spherically shaped particles
will best fill these needs. We have recently presented the
production and characterization of 2−3 mm spheres of CPO-
27-Ni for fixed bed pressure-swing adsorption (PSA)
applications.32,39 In the present Article, we present the
properties of CPO-27-Ni spheres and their production by
the alginate method using a spray nozzle that gives the droplet
size distribution in the range from 0.3 to 0.7 mm suitable for
use in a MBTSA process. The method is based on adding the
MOF powder to an aqueous alginate solution yielding a
homogeneous slurry with low viscosity and the wanted
alginate/MOF ratio allowing the slurry to be atomized by
use of a suitable spray nozzle before entering a CaCl2 solution.
Divalent Ca2+ cross binds the alginate, fixating the droplet
shape, yielding spherical alginate/MOF/H2O beads which can
be dried under mild conditions yielding dry alginate/MOF
spheres. We present the physical characteristics of the spheres
(size distribution, porosity, and density) and the adsorption
properties relevant for postcombustion CO2 capture: CO2, N2,
and H2O equilibrium isotherms and kinetic parameters
estimated from breakthrough curves using the individual
components. We have used the data to evaluate the
performance of a MBTSA process for postcombustion CO2
capture in an NGCC context. A comparison has also been
done with recently published results obtained using Zeolite
13X spheres as the adsorbent.38

■ EXPERIMENTAL SECTION
Synthesis of CPO-27-Ni Powder. Around 100 g of batch

CPO-27-Ni was produced in a 5.5 L autoclave using
Ni(CH3COO)2 4H2O (99% from Aldrich) and 2,5-dihydrox-
yterephtalic acid (99.6% from Carbosynth) in an all-water
synthesis as described in ref 32. Here, 224.0 g of Ni-acetate and

89.2 g of 2,5-dihydroxyterephtalic acid were separately
suspended in 1.5 L of deionized water. The two suspensions
were rapidly mixed together under continuous stirring before
being introduced to the autoclave equipped with an impeller.
The temperature was set to 110 °C, and the rotation speed of
the impeller was set to 174 rpm. The reaction time was 71 h
before the autoclave was cooled to ambient temperature
overnight. After separating the product from the solvent by
decantation and centrifugation, the crystalline powder was
further washed three times with deionized water (approx-
imately 1.5 L per wash lasting approximately 1 h) before
storage as a wet sludge. The solid content of the sludge was
estimated to be 24.2 wt % from measuring the mass before and
after drying under vacuum overnight at 120 °C. The X-ray
pattern (reported in the Supporting Information) is consistent
with earlier CPO-27-Ni diagrams in ref 40.

Production of CPO-27-Ni Spheres. Here, 15.9 g of
Alginate (Protanal LF10/60 from FMC) was dissolved in 1 L
of deionized water and further stirred overnight to ensure a
homogeneous solution. Then, 372.7 g of the wet CPO-27-Ni
sludge (approximately 90.2 g of dry CPO-27-Ni) was added to
the alginate/water solution. An additional 307.5 mL of
deionized water was used to wash out the rest of the CPO-
27-Ni sludge from the beaker. The slurry was then stirred
overnight to ensure homogeneity. The setup used for spray-
spheronizing CPO-27-Ni beads is shown in Figures S1 and S2
in the Supporting Information. Using a peristatic pump, the
slurry is fed at a speed of 25 mL/min to a 0.5 mm spray nozzle
using air at around 4.0 L/min as the atomizing agent. Then, 0.2
M CaCl2 (98% from Aldrich) in deionized water was used as
the gelation bath. After approximately 1 h, the spheres were
removed from the gelation bath and washed. The washing was
done by continuously flowing (approximately 3 L/h) tap water
upward through a 1 L glass column with a glass filter keeping
the spheres in place. This continuous washing took place for
21 h, and then, the spheres were collected and stored wet in a
closed bottle. To find the optimal washing time, small samples
of beads were removed from the washing setup after 45 min, 3
h, 21 h, and 45 h. BET analyses of the samples showed that 21
h were needed to reach a stable high specific surface area.
For comparison, a sample of the binderless Zeolite 13X

spheres with sphere size distribution from 500 to 900 μm was
received from CWK in Germany.

Adsorbent Characterization. BET and Pore Character-
ization. Specific surface areas were estimated from N2
isotherms recorded at liquid nitrogen temperatures (77 K)
using the BET formalism. Sample activation was typically
carried out overnight at an external pretreatment unit
(BELPREP II vac) at 120 °C under vacuum prior to a short
(2 h) pretreatment at the BELSORP mini-instrument. The
micropore volume was estimated using the t-plot method
based on said N2 isotherm measurements at 77 K, while larger
pores were analyzed using a Hg porosimeter (Micromeritics
AutoPore IV 9520) operating from 0.1 Pa to 414 MPa
covering the pore diameter range from approximately 360 to
0.003 μm.

Thermal Stability (TG-DSC-MS). The thermal stability of
the CPO-27-Ni precursor powder and the shaped beads were
analyzed by using a TG-DSC-MS instrument (Netzsch STA
449 F1 instrument equipped with a QMS 403 C MS analyzer).
Experiments were carried out using approximately 20 mg of
material, a 2 °C/min heating rate, and an air flow of 50 mL/
min. First, the samples were heated for 16 h in the air (50 mL/
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min) at 90 °C to remove volatile components, and then, the
samples were heated to 800 °C. Mass changes (TG) and heat
transfer within the sample (DSC) as well as analyses of the
kinds of volatile components leaving the sample during the
process (by mass spectrometry, MS) were recorded. On the
basis of the experiments, the thermal stability of the samples
was evaluated.
Powder X-ray Diffraction. Powder X-ray diffraction

patterns from 2θ = 5−60 of the MOF adsorbents were
measured using a PANalytical EMPYREAN diffractometer
equipped with a Cu source and Pixel 3D detector.
Scanning Electron Microscopy (SEM). Scanning electron

microscopy pictures of the CPO-27-Ni spheres were collected
on a FEI Nova NanoSEM 650 instrument.
Single Component Isotherm Measurements. Isotherms of

pure CO2, N2, and H2O were collected up to 1 bar (0.04 bar
for H2O) at different temperatures between 30 and 120 °C on
a commercial volumetric BELSORP Max instrument (BEL,
Japan). Sample activation was typically carried out overnight
with an external pretreatment unit (BELPREP II vac) at 120
°C under vacuum prior to a short (2 h) pretreatment with the
BELSORP Max instrument as part of the isotherm measure-
ment procedure.
Adsorption Kinetics. Adsorption and desorption experi-

ments were carried out using a dynamic column breakthrough
apparatus. The schematic of the apparatus is shown in Figure
1. It consists of gas flow controllers to provide fixed flow rates,

an adsorption column housed in a temperature-controlled
oven, and a mass spectrometer to detect the concentration
downstream. Initially, the adsorbent column was regenerated
under a helium/nitrogen purge of 100 mL/min overnight at
120 °C, and following that, the column was cooled to the
experimental temperature of 50 °C. Once thermal equilibrium
is reached, a step input in concentration was provided (6.5%
CO2 in He or N2). The adsorption step was carried out with 17
mL/min of CO2 and 261 mL/min of He or N2 gas. After
equilibrium was attained, desorption was carried out with the
pure carrier gas. Experiments were carried out with two
different particle sizes, namely, 300−500 and 500−700 μm.
About 1.3 g of the smaller particles and 1.0 g of the larger

particles were used in the experiments. Due to the difference in
mass, the packed height for the two particle sizes were 7.3 and
4.6 cm, respectively. A thermocouple was also inserted into the
packed bed to measure the temperature profile inside the
adsorption column.

■ THEORETICAL BASIS
Modeling of Adsorption Isotherms. Equilibrium data of

pure CO2 and N2 were fitted using the Virial isotherm model,
given by41,42
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ΔHi

0 the heat of adsorption at zero coverage, and R the
universal gas constant.
The fitting of the experimental data to extract the model

parameters was performed on Scilab 6.0.243 using the Nelder−
Mead optimization routine for minimizing the square of
residuals between the experimental data and predicted
isotherms, in the whole temperature range simultaneously.
On the basis of the fitting parameters from pure gas

measurements, multicomponent adsorption equilibrium can be
predicted by applying the following extension of the Virial
model44
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Equations 4 and 5 were used in the MBTSA simulations to
take into account competitive adsorption of N2 and CO2.

Modeling of Moving-Bed Temperature-Swing Ad-
sorption (MBTSA) Process. On the basis of the measured
equilibrium and kinetics properties, the use of the CPO-27-Ni
spheres in a moving-bed temperature-swing adsorption process
for CO2 capture is evaluated via simulations.
The moving-bed system considered in this study, as

schematically shown in Figure 2, consists of a series of units
through which the adsorbent circulates while cyclically
adsorbing and desorbing CO2 by means of temperature
swing. More specifically, the adsorption of CO2 from the flue
gas occurs within the top unit (adsorption section) where
adsorbent and flue gas flow countercurrently to each other,

Figure 1. Schematic of the breakthrough setup.
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with the adsorbent being fed from the top and the gas entering
from the bottom.
The adsorbed CO2 is then released and collected in a high

CO2 purity stream by increasing the temperature of the
adsorbent as it passes through the desorption section, the latter
being an indirect contact heat exchanger using steam as heating
media. The cycle is then closed by indirectly cooling the
regenerated adsorbent in the cooling section and returning it
to the adsorption section for starting a new cycle. As shown in
Figure 2, the system allows for a heat-integration scheme to
reduce the external energy demand by recovering heat from
the hot particles leaving the desorption section to be used for
preheating the adsorbent before entering this section.
For process simulations, a detailed mathematical model of

the MBTSA was implemented and solved in the gPROMS
Model Builder.45 Each section of the moving bed is described
by a set of coupled partial differential equations distributed
over the vertical coordinate, as described below (eqs
6−10).36−38
The profiles of the gas phase concentration along the section

height are obtained from the mass balance in the gas phase
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where t is time; z the position along the section height; Ci, Cp,i,
and Yi the concentration in the bulk gas, the concentration in
the macropores, and the molar fraction, respectively, (with the
index i being either CO2 or N2); εc the bed void fraction; ξ bed

fraction occupied by the structured packing; Dz the axial
dispersion; CT the total concentration; u the gas velocity; a′ the
adsorbent particle specific area; Km the film mass transfer
coefficient; and Bi the Biot number.
Using the linear driving force (LDF) approximation to

express the macropore mass transfer, the mass balance in the
macropores is given by
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where Rp is the particle radius, Dp,i the macropore diffusivity, ρp
the particle density, Bii the Biot number of component i, qi the
concentration of component i in the adsorbed phase, and vs the
velocity of the adsorbent.
Similarly, by expressing the mass transfer rate in the solid

phase with a LDF model, the adsorbent loading profiles are
computed from the mass balance in the solid phase given by
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where Dc,i is the micropore diffusivity, 15Dc/rc
2 the adsorption

rate of component i in the micropores, and qi* the adsorbed
concentration of component i in equilibrium with the
corresponding local concentration in the macropore (Cp,i).
As previously mentioned, the adsorption equilibrium is
described using the extension of the Virial isotherm model
for multicomponent systems (eq 4).

Figure 2. Specifications of the flue gas and reference NGCC power plant (top left), process flow diagram of the NGCC power plant with CO2
capture (bottom left), and schematic diagram of MBTSA (right). The figure is a modified version of the one presented in ref 38.
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Finally, the gas and the adsorbent temperatures (T and Ts)
are predicted by solving the energy balances in the gas phase
(eq 9) and the energy balance in the solid phase (eq 10),
respectively.
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In the previous equations, ΔHi represents the heat of
adsorption, hf the film heat transfer coefficient between the
gas and the solid, hg,hx the convective heat transfer coefficient
between the gas and the wall, Dh the hydraulic diameter, Thx
the temperature of the heat transfer surface, cv and cp the gas
specific heat capacities at constant volume and constant
pressure, respectively, λ and λpk the heat axial dispersion
coefficient of the gas and the packing, respectively, and R the
universal gas constant.
The spatial derivatives of the equations above were

discretized applying the centered finite difference method
with second-order approximation. The number of discretiza-
tion intervals was set to 400 for the adsorption and desorption
sections, 100 for the preheating section, and 300 for the
cooling section. As described in more details in a previous
work,37,38 the gPROMS composite model approach46 was used
to connect the individual sections of the MBTSA in a single
flowsheet and solve simultaneously the corresponding model
equations, given the appropriate boundary conditions. The
dynamic simulations were performed until a steady state was
reached, and all results presented here refer to the steady state
solution.
Further details on the approach used for model implemen-

tation and the underlying model assumptions can be found
elsewhere,37,38 while additional equations and main correla-
tions used for computing mass and heat transfer parameters are
reported in the Supporting Information.
Integration of Capture Process with Power Plant. The

application of the MBTSA capture process considered in the
present study refers to a natural gas combined cycle (NGCC)
power plant. The impact of the capture process on the power
cycle efficiency was investigated via process simulations. For
this purpose, a computational model of the NGCC
opportunely modified to accommodate the CO2 capture unit
was used. The model, implemented in THERMOFLEX,47 was
developed in a previously published work38 with the purpose
of performing a detailed analysis of the energy use associated
with the various CO2 capture auxiliaries, as well as allowing a
direct and consistent comparison with the benchmark amine-
based technology. The main characteristics of the reference
NGCC (without CO2 capture) are given in Figure 2, together

with the flue gas specifications used as input to the MBTSA
simulations. It should be noted that the composition of the flue
gas was simplified to a binary mixture of N2 and CO2 in order
to reduce the computational time of the moving-bed
simulations. Furthermore, due to the large amount of flue
gas to be treated, the use of two MBTSA units was assumed.
Figure 2 also presents a schematic layout of the simulated
NGCC, showing the components that have been added to the
reference NGCC to mimic the presence of the MBTSA.
Besides the extraction of steam needed for sorbent
regeneration (i.e., in the desorption section of the moving
bed), the following components are included in the model: (i)
a water circuit to provide cooling to the cooling section of the
moving bed, (ii) a booster fan to overcome the pressure drops
occurring in the adsorption section, (iii) a drying unit to
dehydrate the flue gas upstream of the MBTSA, and (iv) an
intercooled CO2 compressor. The details on how the results
from the MBTSA simulations were used as basis for the
integration, providing the necessary inputs to the power plant
simulations, is presented in ref 38.

■ RESULTS AND DISCUSSION
Adsorbent Properties. We have prepared CPO-27-Ni in

an all-water synthesis at a 100 g scale yielding microcrystalline

powder (Figure S3). Further, the washed powder was shaped
by a spray-spheronization technique at productivities around
100 g/h yielding free-flowing well-shaped 300−700 μm
spheres. Comparisons of the physical parameters of the
CPO-27-Ni spheres with those of the reference Zeolite 13X
sample are given in Table 1. The surface area of the CPO-27-
Ni spheres is somewhat lower than that of the water washed
precursor CPO-27-Ni powder (1250 m2/g). The reduction in
BET area is somewhat larger than expected from the amount of
alginate in the spheres (15.0 wt % on dry basis). It should be
noted that extensive washing of the spheres in a continuous
flow of water over more than 20 h is needed to reach the BET
area noted in Table 1. The long washing time needed is most
likely because removal of unreacted precursors stemming both
from the MOF synthesis and from the shaping takes a longer
time for the beads due to the longer diffusion pathways
compared to the micron-sized CPO-27-Ni precursor crystalline
powder.
Figure 3 shows the SEM pictures of the CPO-27-Ni spheres

at different magnifications. The sphericity is not perfect but
reflects the droplet shape and gelation kinetics of the process.

Table 1. Physical Properties of CPO-27-Ni and Zeolite 13X
Spheres Used in This Study

CPO-27-Ni Zeolite 13X

Sphere diameter distribution (μm) 500−700 500−900
Specific BET area (m2/g) 960 740
Micropore volume (mL/g)a 0.37 0.32
Mesopore volume (mL/g)b 0.00 0.09
Macropore volume (mL/g)b 0.52 0.28
Sphere density (g/mL) 0.739 0.924
Sphere porosity (%) 38 34

aFrom N2 adsorption at 77 K using the t-plot method. bFrom Hg-
porosimetry accumulated Hg intrusion at 414 MPa. cSphere density =
(specific crystal volume + mesopore and macropore volume)−1.
dSphere porosity = mesopore and macropore volume × sphere
density.
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When we go closer into the sphere surface, we see clearly the
individual micron-sized CPO-27-Ni crystallites, but the
alginate network that keeps the MOF crystals together stays
invisible due to the high acceleration voltage used in the
analysis. The CPO-27-Ni crystals are densely packed into
aggregates with “ravines” (1−5 μm wide) between the
aggregates that might be voids of alginate-rich areas. The

Hg-intrusion analysis shows two domains of filling (Figure S4
and S5, Supporting Information). First, a filling at around 100
μm is most probably filling of the voids between the spheres.
No filling is observed between 1 and 10 μm, indicating that the
“ravines” observed in the SEM pictures are not voids but more
probably cross-bonded alginat-rich areas with no porosity.
Lastly, there is filling due to the presence of macropores with
the average pore diameter around 120 nm, consistent with the
voids between the submicron-sized crystals observed by SEM.
Since the crystal size distribution is narrow, also the macropore
size distribution is quite narrow.
The Hg-intrusion curve for Zeolite 13X shows a similar

pattern: First, a filling of the voids between the spheres, then a
macropore filling at around 120 nm, but for this material there

Figure 3. SEM pictures at increasing magnification of the CPO-27-Ni
spheres made for MBTSA application.

Figure 4. Adsorption isotherms of CO2 and N2 on CPO-27-Ni spheres in linear (top) and logarithmic scales (bottom).

Figure 5. CO2 breakthrough profiles for different pellet sizes at 50 °C.
The x axis is normalized time to show the effect of particle size.
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is also a small mesopore volume of around 0.09 mL/g at
around 4−5 nm pore diameter.
The porosities of the CPO-27-Ni and Zeolite 13X spheres

are 38% and 34%, respectively, based on mesopore and
macropore volumes of 0.52 and 0.37 mL/g, respectively, from
the Hg-porosimetry analysis. Sphere densities are estimated to
0.74 and 0.92 g/mL, respectively. The differences in sphere
densities reflect the difference in the crystallographic densities
of the precursor CPO-27-Ni and Zeolite 13X crystals, 1.2 and
1.404 g/mL, respectively,48,49 and also that the macropore
volume of the spray-spheronized CPO-27-Ni adsorbent is
higher than that of the Zeolite 13X spheres. We believe the
extra porosity is a consequence of the spray method used and
that lower porosities might be achieved using other droplet-
forming methods and/or alginate types or contents. Minimiz-
ing the sphere mesoporosity and macroporosity is important to
further increase the volumetric CO2 capacity of the adsorbent
and consequently reduce the size of the MBTSA process. The
crystalline densities should be regarded as the maximum
sphere densities achievable of the respective materials that

cannot be exceeded without partial destruction of the crystal
lattice.
The TG-DSC traces of CPO-27-Ni precursor powder and

CPO-27-Ni/alginate beads are indistinguishable (Figures S6
and S7). However, we know from previously published work
with MOF/alginate spheres that the alginate itself starts
decomposing at around 135 °C.50

Adsorption Equilibrium. The adsorption isotherms of
CO2 and N2 measured on the CPO-27-Ni spheres are shown
in Figure 4, while H2O isotherms are given in Figure S8 in the
Supporting Information. In Figure 4, the isotherms at 30 °C
are compared with the corresponding Zeolite 13X isotherms
published in a previous work.38 Although the highest measured
CO2 uptake (recorded at 100 kPa and 30 °C) of the MOF is
higher than on Zeolite 13X, the CO2 capacity of CPO-27-Ni is
significantly lower when compared at low partial pressures
relevant for postcombustion capture applications where the
adsorption of CO2 is typically carried out at low temperature
and low CO2 partial pressure. Further the isotherm of CO2 in
CPO-27-Ni is less steep than that of Zeolite 13X. On the other
hand, CPO-27-Ni adsorbs significantly less CO2 than Zeolite

Figure 6. Temperature profile inside the column packed with (a) 300−500 and (b) 500−700 μm CPO-27-Ni spheres.

Figure 7. Adsorption capacity of CO2 on CPO-27-Ni spheres
obtained from breakthrough experiments performed at 50 °C, using
helium (red box) and nitrogen (green diamond) as carrier gases.
Comparison with values extrapolated from volumetric isotherm
measurements.

Table 2. Summary of Kinetics Experiments on CPO-27-Ni Spheres

Conditions

Spheres size (μm) Carrier gas Dmolecular (×10−5 m2/s) DKnudsen (×10−5 m2/s) K kLDF (s
−1) Tortuosity

300−500 He 7.0 2.2 301 4.41 3.3
300−500 N2 1.9 2.2 293 2.66 3.4
500−700 He 7.0 2.2 500 1.56 2.8

Table 3. Main Design Parameters and Operating Conditions
Used in Simulations of the MBTSA Processa

CPO-27-Ni Zeolite 13X

Height of adsorption section (m) 3.5 1.5
Cross-sectional area in adsorption section (m2) 254.5 254.5
Column void fraction in adsorption section (−) 0.8 0.8
Cross-sectional area in other sections (m2) 78.5 78.5
Column void fraction in adsorption section (−) 0.6 0.6
Height of preheating section (m) 3.0 2.0
Height of desorption section (m) 6.0 9.0
Height of cooling section (m) 10 12
Adsorbent residence time/cycle time (min) 26 45
CO2 extraction pressure (bar) 0.97 0.97
Amount of circulating sorbent (kg/s) 350 245
Regeneration temperature (°C) 132 207
aValues referred to a single MBTSA unit.
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13X also at high temperature and close to atmospheric
pressure, i.e., at desorption (regeneration) conditions in a
temperature swing capture process, which means that for a
given regeneration temperature a higher level of regeneration
can be achieved with the MOF. Figure 4 also shows the results
of the fitting with the Virial model obtained by simultaneous
nonlinear regression of the data in the whole temperature
range. The fitted parameters are reported in the Supporting
Information together with the corresponding values of the

Zeolite 13X.38 The obtained heat of adsorption of CO2 is
lower for CPO-27-Ni (37.4 kJ/mol) than for Zeolite 13X (44.8
kJ/mol), which is beneficial in terms of limiting the energy
requirement of the capture process. The estimated heat of
adsorption for the CPO-27-Ni spheres is close to previously
reported values of 38−39 kJ/mol for powder samples.27,51

Adsorption Kinetics. Figures 5 and 6 show the CO2

adsorption breakthrough trace and the temperature profiles
with different pellet sizes using helium as the carrier gas. The

Figure 8. Adsorbent loading, molar fractions, and temperature profiles along the height of the adsorption section of the moving bed using CPO-27-
Ni spheres (top plots) and Zeolite 13X (bottom plots). The flue gas flows countercurrently to the adsorbent: position zero corresponds to the
bottom of the section, i.e., flue gas inlet and adsorbent outlet.

Figure 9. Adsorbent loading, molar fractions, and temperature profiles along the preheating section of the moving bed using CPO-27-Ni (top
plots) and Zeolite 13X (bottom plots). Position zero corresponds to outlet of the adsorbent (bottom of the section).
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CO2 trace for the larger particles is more spread out than that
of the smaller particles indicating that the mass transfer is a
function of the particle size. This is consistent with earlier data
concluding that the adsorption of CO2 in CPO-27-Ni is
governed by diffusion in the macropores.39,52,53

Using the desorption trace, a mass balance was performed to
obtain the adsorption isotherm up to 6 kPa as described by
Brandani et al.54 As helium gas is considered inert, the capacity
curve obtained is equivalent to a single component isotherm.

The capacity value obtained at 6 kPa CO2 pressure was 1
mmol/g. This is about 15% less than the “extrapolated” value
from single component isotherms from the volumetric
measurements as seen in Figure 7. This difference can be
attributed to the different regeneration conditions used in the
two experiments. The competitive isotherm of CO2 in the
presence of nitrogen showed that at 50 °C, the nitrogen does
not affect the adsorption of CO2. This may not be the case at
low temperatures, where the competition could be stronger.

Figure 10. Adsorbent loading, molar fractions, and temperature profiles along the desorption section of the moving bed (top plots) and Zeolite
13X (bottom plots). The flue gas flows countercurrently to the adsorbent: Position zero corresponds to the bottom of the section, i.e., CO2
extraction point, and sorbent outlet.

Figure 11. Adsorbent loading, molar fractions, and temperature profiles along the cooling section of the moving bed using CPO-27-Ni spheres (top
plots) and Zeolite 13X (bottom plots). Position zero corresponds to the bottom of the section, i.e., inlet of recirculation gas, and sorbent outlet.
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In order to extract the kinetic parameters from the
breakthrough curves, a nonisothermal, nonisobaric 1D model
was then used to fit the experimental profiles.55 The model
equations are described in the Supporting Information. The
residual between the simulated and experimental adsorption
breakthrough profiles was minimized by fitting the isotherm
parameters, the LDF coefficient, and the heat transfer
coefficient values.
In the first step, the helium experiment was analyzed. For

nonadsorbing helium, the affinity coefficient and heat of
adsorption values were taken as zero, and the LDF coefficient
was kept as 1000 s−1. The fitting of the breakthrough
experiments was carried out in MATLAB.56 The results from
the modeling are shown in Figures 5 and 6 and summarized in
Table 2. In general, there is a good agreement between the
experimental and simulated profiles.
The ratio of the LDF coefficient values for the smaller and

larger pellets was found to be 2.8, which is slightly higher than
the ratio of the square of the average particle diameters (2.25).
With respect to the different carrier gas, the ratios of the
estimated LDF constants were similar to the ratio of the
respective macropore diffusivity values. In these experiments,
the total pressure was constant and hence, for the macropore
diffusivity is a combination of Knudsen and molecular
diffusivities and given by

D D D
1 1 1

macro molecular Knudsen
= +

(11)

The molecular and the Knudsen diffusivity values were
calculated by the correlations given in eqs 12 and 13. The 9/13
in the Knudsen diffusivity value is the Derjaguin correction
factor.57 The breakthrough experiments were coupled with
independent mercury intrusion experiments which gave the
porosity and pore radius. The LDF correlation was then
rearranged to extract the values of the tortuosity which are
provided in the same table. For the smaller pellets, the
tortuosity value was found to be 1.8 ± 0.1, and for the large
pellets, it was 1.4 ± 0.1.
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Simulations of MBTSA for CO2 Capture Using CPO-
27-Ni Spheres and Comparison with Zeolite 13X. As
basis for the design of the MBTSA with CPO-27-Ni, the
process developed in a previous work using Zeolite 13X was
taken as the initial configuration. A series of simulations was
then performed by iteratively adjusting certain design
parameters until desired process performances were achieved.
In this respect, a minimum of 95% CO2 purity and 90% CO2
capture rate were set as targets. The list of design parameters
that were modified and their final values used in the
simulations presented here are reported in Table 3, together
with the corresponding values of the original parameters from
the zeolite case.
In terms of constraints to be taken into account when

adjusting the operating conditions, a major difference between
the zeolite and the MOF cases was on the choice of the
regeneration temperature; while no limitation was imposed in
the zeolite study, a temperature of 133 °C was set as the
maximum desorption temperature for the CPO-27-Ni case in
order to avoid potential degradation of the adsorbent. As
suggested by the isotherm plots in Figure 4, this means that the
adsorbent will still contain a significant amount of CO2
adsorbed (above 1 mol/kg) when leaving the desorption
section. In other words, only part of the captured CO2 will be
recovered as a result of a temperature increase occurring within

Figure 12. Individual contributions to the overall capture duty.
Comparison of the MBTSA process with CPO-27-Ni, MBTSA with
Zeolite 13X, and the amine-based process.

Table 4. Main Simulation Results of MBTSA with CPO-27-Ni and Integration of Capture Process with NGCC Power Planta

NGCC without
CO2 capture

NGCC with amine-based
process (MEA)

NGCC with MBTSA,
Zeolite 13X

NGCC with MBTSA,
CPO-27-Ni

CO2 purity (%) 99.9 95.8 98.9
CO2 capture efficiency (%) 95.0 98.2 92.6
Heat input to capture unit (MWth) 266 101 125
Specific heat input (MJ/kgCO2captured) 3.95 1.42 1.89
NGCC emissions (tCO2/h) 253 11.2 4.6 18.8
CO2 captured (kg/h) − 242 249 240
NGCC specific emissions (kg/MWh) 316 15 6 24
NGCC gross power output (MWel) 802 734 767 773
GT gross electric power output (MWel) 555 555 555 555
ST gross electric power output (MWel) 246 179 211 218
CO2 capture auxiliaries (MW) 37.5 54.7 60.1
NGCC net electric efficiency (%) 63.1 54.7 55.9 56.1

aComparison with Zeolite 13X study38 and capture with amine-based capture process.38
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the desorption section. However, the remaining CO2 can be
recovered by further purging the adsorbent while traversing the
subsequent cooling section. For this purpose, a small fraction
(approximately 5 wt %) of the CO2-free product gas from the
adsorption section is recirculated to the cooling section, where
it flows countercurrently to the adsorbent inducing further
desorption of CO2. The flow of recirculated gas through the
cooling section also serves to maintain the pressure inside the
column close to atmospheric pressure, as the cooling of the
adsorbent would otherwise promote adsorption of the
surrounding gas, and thus a decrease in pressure in the bulk
phase. As a result of this recirculation through the cooling
section, a small gas stream (approximately 7 wt % of the feed
gas) containing a certain amount of CO2 will be released from
the top of the cooling section. As shown in Figure 2 (dashed
blue stream lines), the released gas is then recycled and mixed
with the flue gas feeding the adsorption section, with the
purpose of improving the recovery of CO2, by simultaneously
increasing the CO2 partial pressure in the feed gas. For
simplicity, it is assumed that the recycled gas is cooled to the
feed gas temperature before mixing. A similar strategy was
adopted in the zeolite case, with the difference that the
resulting product gas from the cooling (shown in dashed black
line in Figure 2) section was directly mixed with the CO2
product obtained from the desorption section, rather than
being mixed with the feed gas.
The simulation results in terms of concentration and

temperature profiles along the height of each moving-bed
section are shown in Figure 8−11 and compared with the
profiles obtained using Zeolite 13X. One of the main
differences between the two cases concerns the shape of the
concentration profiles in the adsorption section. As CPO-27-
Ni presents a more spread profile, it was necessary to increase
the length of the adsorption to 3.5 m (versus the original 1.5 m
of the zeolite case), leading to higher pressure drops. The
reason for this is related to the difference in the CO2
adsorption isotherms of the two adsorbents at the feed gas
conditions, which are steeper in the zeolite. Another difference
that can be observed by looking at Figure 8 is the higher
amount of N2 coadsorbing with CO2 on CPO-27-Ni, as result
of the lower equilibrium selectivity of CPO-27-Ni compared to
Zeolite 13X. However, this does not affect the purity of the
CO2 product (which is collected from the desorption section),
as the N2 desorption occurs within the preheating section
(Figure 9). Here, the adsorbent undergoes a first increase in
temperature, which induces a shift in adsorption equilibrium:
Most of the adsorbed N2 is released to the gas phase with the
accompanying gas being removed from the top, while
simultaneously, the CO2 concentration in the gas phase
increases without a significant change in the adsorbed
concentration. In a similar way as for the gas recovered from
the cooling section, the gas released from the preheating
section is recycled to the feed gas (shown as dashed black line
in Figure 2), being approximately 1 wt % of the total flow rate.
The majority of CO2 is then desorbed as a result of further
heating of the adsorbent occurring in the desorption section
(Figure 10). By setting a mild vacuum (0.97 bar) as evacuation
pressure, the released gas is collected at the bottom, where
high CO2 purity is achieved. Lastly, adsorbent cooling is
carried out in the cooling section (Figure 11), where a small
stream of nearly pure N2 recirculated from the adsorption
section is used as purge gas to further regenerate the adsorbent
from the remaining CO2. As previously mentioned, the fraction

of recirculated gas was approximately 5% of the total CO2-free
gas leaving the adsorption section.
As shown in Figures 8−11 and reported in Table 3, the

advantage of the zeolite of having a shorter adsorption section
is offset by the need for longer cooling and desorption sections,
due to their higher regeneration temperature. In fact, with
respect to sorbent inventory, the process using zeolite is
outperformed by CPO-27-Ni: despite circulating a lower
amount of material in terms of kg/s, the total amount of
adsorbent required (i.e., the amount of adsorbent that is
processed in one cycle) is 43% higher due to the much longer
residence time of the zeolite.

Energetic Performance of Capture Process and
Results of Power Plant Integration. On the basis of the
results obtained with the MBTSA simulations, the amount of
thermal energy required for sorbent regeneration was
computed and used as input to the NGCC model simulations.
The results of the power plant integration are summarized in
Figure 12 and Table 4, together with a comparison with the
reference NGCC plant (without capture), the benchmark
amine-based process, and the reference moving-bed process
using zeolite.
Very similar performances are obtained for the two MBTSA

processes (Zeolite 13X and CPO-27-Ni) in terms of overall
power cycle efficiency, causing approximately a 7%-point
reduction in net electric efficiency, compared to an 8%-point
capture penalty of the amine-based process. As shown
graphically in Figure 12, one of the main differences between
the moving-bed and amine-based systems is the need for
drying the flue gas prior to the capture process when using
solid sorbents, with the energy penalty associated with the
drying process. Another factor playing in favor of the MEA
process is the slightly higher pressure at which CO2 is
separated, which implies lower energy consumption by the
CO2 compressor. On the other hand, the MBTSA processes
present a significantly lower heat demand for sorbent
regeneration and hence a lower power loss associated with
the steam extraction.
When comparing the zeolite-based process with the MOF-

based process, the higher energy penalty due to the pressure
drops in the CPO-27-Ni system is compensated by the lower
reduction in power output associated with steam bleeding. In
fact, despite requiring a slightly higher amount of energy for
sorbent regeneration (both in terms of total heat input and
specific heat per kg of CO2 captured), CPO-27-Ni allows
extraction of steam at lower pressure, which is beneficial for the
steam cycle performance. Details on the steam extraction
conditions and flow rates can be found in the Supporting
Information.

■ CONCLUSIONS
We have prepared CPO-27-Ni/alginate spheres suitable for use
in a moving-bed temperature-swing adsorption (MBTSA)
process for postcombustion CO2 capture. The shaped spheres
maintain most of the CO2 capacity of the CPO-27-Ni
precursor powder but have better flow characteristics needed
to avoid clogging in a MBTSA reactor. The MOF spheres have
been compared with Zeolite 13X spheres of similar size. The
two adsorbents have similar CO2 capacities in mmol/g units,
but the CPO-27-Ni/alginate spheres have lower volumetric
CO2 capacity due to the intrinsic lower crystallographic density
of CPO-27-Ni compared to Zeolite 13X and to the larger
macropore volume of the former because of the shaping
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method used. Despite this difference, simulation of the two
adsorbents in a MBTSA process for capturing CO2 from an
NGCC power plant indicate that the CPO-27-Ni spheres have
lower energy requirements compared to Zeolite 13X, the main
reason being a lower temperature needed for regeneration.
Due to the high hydrophilicity of both adsorbents, a drying
step of the flue gas is needed before the CO2 capture process.
Despite this extra process, the simulations show that the
MBTSA process utilizing either adsorbent perform slightly
better than a solvent-based MEA process in terms of energy
requirements.
Further improving the shaping process used for CPO-27-Ni,

especially minimizing the macropore volume of the spheres
and thus increasing their volumetric CO2 uptake, will further
improve the performance of the MBTSA process. In particular,
this will reduce the process footprint which is one of the major
challenges with adsorbent-based processes.
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■ ABBREVIATIONS
CCR2 = CC chemokine receptor 2
CCL2 = CC chemokine ligand 2
CCR5 = CC chemokine receptor 5
TLC = thin layer chromatography
TG-DSC-MS = thermogravimetry and differential scanning
calorimetry coupled with mass spectroscopy
GT = gas turbine
ST = steam turbine

■ NOMENCLATURE
Ai = first Virial coefficient of component i, kg mol−1

a′ = specific area of adsorbent particle, m2 m−3

Bi = second Virial coefficient of component i, kg mol−1

Bii = Biot number of component i
Ci = third Virial coefficient of component i, kg mol−1

Ci = concentration of component i in bulk gas phase, mol
m−3

Cp,i = concentration of component i in the macropores, mol
m−3

cp = molar specific heat of gas mixture at constant pressure, J
mol−1K−1

cp,s = specific heat of solid phase, J kg−1K−1

CT = total gas concentration in bulk phase, mol m−3

cv = molar specific heat of gas mixture at constant volume, J
mol−1 K−1

Dc,i = micropores/crystals diffusivity of component i, m2 s−1

Dh = hydraulic diameter, m
DKnudsen = Knudsen diffusivity, m2 s−1

Dmacro = diffusivity in macropores, m2 s−1

Dmolecular = molecular diffusivity, m2 s−1

Dp,i = macropore diffusivity of component i, m2 s−1

Dz = axial dispersion coefficient, m2 s−1

Ki = equilibrium constant of component i, mol kg−1 bar−1

Keq
∞ = equilibrium constant at infinite temperature, mol kg−1

bar−1

hf = film heat transfer coefficient between the gas and the
particle, J s−1 m−2 K−1

hg,hx = film heat transfer coefficient between the gas and the
wall, J s−1m−2 K−1

Km = film mass transfer coefficient, m s−1

M1 = molecular weight of components 1, g mol−1

M2 = molecular weight of components 1, g mol−1

P = pressure, Pa
Pi = partial pressure of component i, bar
qi = adsorbed phase concentration of component i, mol kg−1

qi* = adsorbed concentration of component i at equilibrium
with the gas, mol kg−1

R = ideal gas constant, J K−1 mol−1

rc = crystals/micropore radius, m
rpore = macropores radius, m
Rp = particle radius, m
t = time, s
T = temperature of the gas phase, K
Thx = temperature of the wall, K

Industrial & Engineering Chemistry Research pubs.acs.org/IECR Article

https://dx.doi.org/10.1021/acs.iecr.9b06387
Ind. Eng. Chem. Res. 2020, 59, 7198−7211

7209



Ts = temperature of the solid phase, K
u = superficial gas velocity, m s−1

vs = velocity of the solid phase, m s−1

z = axial coordinate in the moving bed, m
Yi = molar fraction of component i

■ GREEK SYMBOLS
ΔHi

0 = isosteric heat of adsorption of component i, J mol−1

εc = column void fraction
εp = particle porosity
λ = heat axial dispersion coefficient, J m−1 s−1 K−1

λpk = heat axial dispersion coefficient of structured packing, J
m−1 s−1 K−1

ξ = volumetric fraction of structured packing
ρp = particle density, kg m−3

ρpk = density of structured packing, kg m−3

σ = Lennard-Jones parameter (collision diameter), Å
Ω = dimensionless collision integral of binary diffusivity
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Abstract

Moving bed temperature swing adsorption (MBTSA) is a promising technology for CO2 cap-
ture from flue gases. In a MBTSA unit, a selective adsorbent material is circulated between a
low-temperature stage where it removes CO2 from the flue gas and a higher-temperature zone
where it desorbs CO2 at higher purity. The main benefits of MBTSA are low pressure drops in
the adsorption zone and the possibility to heat the adsorbent faster than standard adsorption tech-
nologies. This work evaluated via process simulations the use of the MBTSA technology for
CO2 capture from an industrial-scale waste-to-energy plant. To assess the technology with real-
istic parameters, we measured heat transfer coefficients in the heating section of a new MBTSA
demonstrator unit using activated carbon spheres. The heating device was produced by 3D print-
ing, and has rectangular channels on the gas-solid side rotated at 45◦ to facilitate solid flow. The
heat transfer coefficients increased with the flow rate of activated carbon particles, and the highest
value of 120 W/m2K was measured for a sorbent mass flux of 3.5 kg/m2s. This information was
used as input for the process simulations, and allowed a tailored and realistic design of an MBTSA
unit capturing more than 90% of the exhaust CO2 with a purity above 95%. The rather high spe-
cific energy duty of the process (5.7 MJ/kg CO2) can be attributed to the low adsorption capacity
of the activated carbon. In this respect, significant improvements can be expected by employ-
ing adsorbents with higher adsorption capacity and selectivity, such as zeolites or metal-organic
frameworks.

Keywords: carbon capture and storage (CCS), TSA, solid sorbent, activated carbon, process
simulation, waste incinerator, heat transfer coefficient

1. Introduction

The production of municipal solid waste is expected to keep increasing as a result of the rapid
grow of population and living standards around the world (Kaza et al., 2018). Waste-to-energy
plants represent a key technology to manage the increasing quantities of solid waste, reduce the
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methane emissions associated with landfilled waste, and satisfy the rising energy demand (Brunner
and Rechberger, 2015). In addition, the integration of waste-to-energy plants with Carbon Cap-
ture and Storage (CCS) technologies has the potential to make waste a net-zero or even negative
emission energy source (Kearns, 2019, Haaf et al., 2020, Turan et al., 2021).

In the context of post-combustion CO2 capture, adsorption-based processes are considered
a promising alternative to the current benchmark technology based on amine solutions, which
suffers from high energy consumption and environmental as well as corrosion issues related to
solvent degradation (Sjostrom and Krutka, 2010, Bui et al., 2018). Adsorption-based processes
make use of porous solids capable of: i) removing the CO2 from the flue gas by selectively ad-
sorbing it onto their surface and ii) releasing the adsorbed CO2 when subjected to a change of
pressure or temperature. The former property enables the separation of the CO2 from the rest of
the flue gas components, while the latter is responsible for the regeneration of the adsorbent, en-
abling a cyclic operation and permitting the recovery of CO2 in a high purity stream. When the
regeneration of the adsorbent is carried out by reducing the pressure of the system, the process
is referred to as Pressure Swing Adsorption (PSA) or Vacuum Swing Adsorption (VSA), depend-
ing on the operating pressure, while the term Temperature Swing Adsorption (TSA) is used to
indicate processes where the adsorbent is regenerated by an increase in temperature upon external
heat supply. In large-scale post-combustion capture applications, the CO2 has to be purified from
low-concentration, low-pressure and high volume flow rate flue-gases and regeneration via tem-
perature swing seems to be the most appropriate option (Ruthven, 1984, Wankat, 2006, Bui et al.,
2018).

In conventional TSA processes, the adsorbent is normally shaped as beads or pellets and
packed in a series of columns that cyclically alternate between the adsorption and regeneration
steps. One of the main drawbacks of fixed bed processes in applications involving large flow rates,
such as post-combustion capture, is the high pressure drop occurring across the packed-bed, un-
less the adsorbent pellets are replaced by especially shaped adsorbents (e.g., honeycomb monolith,
hollow fibers, spaced sheets)(Akhtar et al., 2014, Rezaei and Webley, 2010, Masala et al., 2017,
Farmahini et al., 2021). Another important factor hampering the commercialization of TSA sys-
tems for post-combustion CO2 capture is that a large temperature swing is often required (Zanco
et al., 2018, Morales-Ospino et al., 2021) to achieve the demanding product specifications in terms
of both CO2 purity and recovery (Joss et al., 2017). These large temperature swings do not only im-
ply high energy penalties and parasitic losses, but also lead to long cycle times due to the poor heat
transfer within the packed bed (Bonjour et al., 2004, Plaza et al., 2017, Zanco et al., 2021). This,
in turn, results in large sorbent inventories, low process productivity, and large system footprints,
which makes conventional TSA processes less competitive with respect to other post-combustion
technologies (Bonjour et al., 2005, Rezaei and Webley, 2010, Zanco et al., 2017, 2021).

One way to overcome the aforementioned challenges is by performing the adsorption-desorption
cycle in a moving bed system, rather than in the traditional fixed bed configuration (Knaebel,
2005). In the moving bed process, the temperature swing is achieved by circulating the adsorbent
through sections at different temperatures. Each of these sections has a specific purpose and corre-
sponds to a different step: adsorption, desorption and cooling. In contrast with fixed bed processes
in which the same column is operated at variable conditions according to the cycle schedule, each
section of the moving bed system can be designed and operated according to its specific purpose.
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This offers interesting opportunities for system optimization, aiming, for example, to reduce the
pressure drop within the adsorption section, or to enhance heat transfer in the desorption and cool-
ing sections, so that a more compact design and higher productivity can be achieved. Furthermore,
the MBTSA offers the possibility to internally recover part of the heat needed for sorbent regen-
eration and thus reduce the external energy duty of the process (Knaebel, 2005, Kim et al., 2013,
Morales-Ospino et al., 2021). Another major feature distinguishing moving bed from fixed bed
processes is that the former can be operated at steady state, avoiding complex cycle scheduling
(Plaza et al., 2017, Kim et al., 2013) and the parasitic losses associated with intermittent heat-
ing/cooling of the heat exchanger walls (Bonjour et al., 2004, 2005). The possibility to operate
in steady state is also an advantage in terms of process control and integration (Kim et al., 2013),
which is particularly relevant within post combustion applications where: (i) the flow rate and
composition of flue gases from the upstream power plant can vary over time (Montañés et al.,
2018, Rúa et al., 2020), (ii) the power cycle can be appositely modified to supply the heat required
by the capture process (Mondino et al., 2019)

The the concept of moving bed was first introduced in the ’40s by Berg (1945) for fractionating
hydrocarbons. Only recently the same concept has been applied for CO2 capture purposes, first
by Knaebel (2005) who suggested the use of hot flue gas for indirect sorbent heating, and later by
Hornbostel and co-workers (Hornbostel et al., 2013, 2015, Hornbostel, 2016), who tested a large
bench scale moving bed system employing steam for direct heating of the adsorbent. Pilot-scale
design and testing of a moving-bed process for CO2 capture was performed also by (Okumura
et al., 2014, 2017), who used an amine impregnated adsorbent regenerated by low temperature
steam. The main advantage of direct sorbent heating is that it is possible to achieve fast heat
transfer rates due to intense mixing between sorbent particles and heating fluid. However, this
type of configuration prevents the use of sorbents materials that are incompatible with the heat
transfer fluid and compromises the use of internal heat recovery, which is crucial to minimize the
process energy use. In this context, the group of Kim et al. (Kim et al., 2013, 2014, Son et al.,
2014) proposed a moving bed process with an internal heat integration scheme, where part of the
energy required for sorbent regeneration is recovered from the heat generated during the adsorption
step using indirect-contact heat exchangers. The same type of indirect-contact heat exchanger for
MBTSA processes was employed in the recent study carried out by (Morales-Ospino et al., 2021),
who confirmed that internal heat recovery is crucial to limit the process energy penalty.

The success of this heat integration is largely dependent on the performance of the indirect-
contact heat exchanger employed to provide and remove heat from the sorbent. In particular, the
estimation of the sorbent-side heat transfer coefficient is crucial for the design of the MBTSA
system because it represents the limiting thermal resistance between the gas/adsorbent phases and
the heating/cooling fluid. The convective heat transfer to the flowing sorbent is determined by
several factors, including the flow pattern, particle mixing, contact area between sorbent and hot
surfaces, as well as the sorbent residence time. The effective heat transfer is therefore affected
not only by the geometry of the system (e.g., tube arrangements and shape, hydraulic diameters,
pitching) or operating conditions (e.g., temperatures of heating/cooling fluid, flow rates), but also
by specific properties of the bulk solid that influence its flowability (e.g., particle shape, size,
density). Several studies investigated the heat transfer mechanisms in moving bed heat exchangers
employing bulk solids as working fluid, both computationally (Campbell, 1990, Lee et al., 1998,
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Isaza et al., 2015) and experimentally (Niegsch et al., 1994, Baird et al., 2008, Al-Ansary et al.,
2012, Baumann and Zunft, 2015). As an example, the recent works by Qoaider et al. (2017), Dai
et al. (2020) analyzed how different materials, including glass beads, corundum, sand, basalt or
mixtures thereof, result in different flow characteristics. Other studies focused on different system
geometries and configurations, considering for example moving packed beds with and without gas
flow (Baird et al., 2008), or comparing horizontal tubes, vertical tubes, parallel plates, and finned
tubes (Al-Ansary et al., 2012). The influence of the tube shapes on the local heat transfer has
also been investigated by Tian et al. (2020), who compared circular cross-sectioned tubes with
elliptical shaped ones. One of the conclusions from the surveyed literature is that the convective
heat transfer coefficient of flowing solid particles in moving bed heat exchangers is case-specific
and hard to estimate without experimental data (Obuskovic, 1988).

Another factor hindering the development of the MBTSA technology is the lack of an estab-
lished method to design a process for a given flue gas specification. The design of an MBTSA
system is a complex task that involves a large number of inter-related process parameters such as
the choice of adsorbent material, process configuration, size and geometry of the different compo-
nents, and operating conditions. In this context, process modelling and simulation is an essential
tool for the conceptualization and analysis of new MBTSA systems. Provided that the model cap-
tures all relevant physical mechanisms, process simulations can be used to evaluate the system
performance under different conditions. This, in turn, can help the designer to gain a better under-
standing of the process and serve as a basis to improve the design until the desired performance
targets are met. In view of these advantages, process simulation has been a popular tool for the de-
sign of post-combustion PSA/VSA (Liu et al., 2011, Krishnamurthy et al., 2014, Farmahini et al.,
2021) and TSA cycles (Plaza et al., 2017, Joss et al., 2017, Lillia et al., 2018). By contrast, model-
ing and simulation of MBTSA processes has lagged behind due to the early stage of development
of this technology. In fact, only a handful of recent computational studies attempted to design and
evaluate the performance of the MBTSA process for CO2 capture in coal-fired power plants (Kim
et al., 2013, Son et al., 2014, Mondino et al., 2017, Morales-Ospino et al., 2021) and natural gas
combined cycle power plants (Mondino et al., 2019, 2020). However, to the knowledge of the
authors’, the utilization of the MBTSA technology for CO2 capture in waste-to-energy plants has
not been studied yet.

The aim of the present work is to design and evaluate an MBTSA process for capturing CO2

from an industrial-scale waste-to-energy power plant. To assess the technology with realistic
parameter values, we have measured heat transfer coefficients in the heating section of a new
MBTSA demonstrator unit using activated carbon spheres with 0.7 mm diameter. In addition, a
detailed computational model previously developed by the authors (Mondino et al., 2020) has been
extended to include the experimentally measured heat transfer coefficients and to account for the
internal heat recovery achieved by coupling the preheating and precooling sections. The feasibility
of the proposed MBTSA process is evaluated based on different performance indicators including
system footprint, energy duty, CO2 separation performance, and process productivity.
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2. Heat transfer measurements

A series of experiments were carried out in a lab-scale apparatus replicating a full MBTSA
process with the aim to analyze the heat transfer performance of the desorption section.

2.1. Experimental apparatus
The MBTSA apparatus, schematically shown in Figure 1, is composed of three main sections,

namely the adsorption, the desorption and the cooling sections, through which the adsorbent circu-
lates in a continuous manner. The adsorbent is released into the adsorption section at a controlled
flow rate from a feeding system placed at the top (ZD22B Standard Feeder, ThreeTec, Switzer-
land). The adsorption section consists of a 1.5 m high, 5 cm internal diameter polycarbonate
column filled with structured packing that ensures uniform distribution of the sorbent flow.

After passing through the adsorption section, the sorbent enters a rotary valve (ACS valve,
CI series) activated by a three-phase induction motor connected to the power supply by a WEG
frequency inverter (CFW500 vector inverter/series). The rotary valve discharges the sorbent into
the desorption section indicated as “measuring section” in Figure 1. This part consists of a series
of three heat exchanger modules (shell-and-tube), in which the sorbent is indirectly heated by a
thermal fluid. More specifically, the adsorbent moves downwards in the shell-side of the heat
exchanger while the heating media flows within the horizontal tubes in a cross-flow mode. In
addition, the lateral surfaces of the heat exchanger modules are insulated with a glass wool layer
to limit the heat losses to the surroundings.

Each heat exchanger module contains a bundle of 55 horizontal tubes through which the heat-
ing fluid is distributed in a multi-pass configuration. As shown on the bottom left side of Figure 1,
the tubes present an inner circular cross section (6 mm in diameter) and an outer squared cross sec-
tion with a square side of 8 mm. Such configuration and tube shape were adopted to ensure good
contact between the sorbent particles and the heating surface, enhancing the heat transfer rate. In
particular, staggered horizontal tube arrangements promote a better particle mixing in comparison
with vertical tubes or plate configurations (Takeuchi, 1996, Baumann and Zunft, 2015, Tian et al.,
2020), especially when the tube pitch is narrow (Baumann et al., 2014). Furthermore, using a
squared cross-section alleviates the local formation of stagnant and void zones above and below
the tubes, respectively. This phenomenon typically occurs on circular tubes and limits the perfor-
mance of the heat exchanger (Niegsch et al., 1994, Baumann and Zunft, 2015). The numerical
values of the geometrical parameters of the heat exchanger are listed in Table 1.

Water is used as thermal fluid, supplied by a SE-6 JULABO heating circulator. The tempera-
ture of the water at the heat exchanger inlet is controlled by adjusting the set point on the heating
circulator. The flow rate is measured with a turbine flow meter (F110P-AU model, HP series,
KEM - Germany) installed between the heating circulator and the heat exchanger. The mass flow
rate cannot be directly controlled as it depends on the balance between the pressure drop in the
circuit and the charateristic of the Julabo circulator pump.

The sorbent temperature is measured with four thermocouples located at different positions
within the heat exchangers, see Figure 1 (top left). The thermocouples are installed within the
spacers separating the modules to ensure a good contact with the bulk of the sorbent flow. Four
additional thermocouples are used to measure the water temperature at the inlet and outlet of each
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heat exchanger module. All thermocouples are connected to a data acquisition system to record
the temperature data in a LabVIEW interface (LabVIEW). Moreover, a series of powder level
sensors are installed within the spacers separating the heat exchanger modules and connected to
the LabVIEW program for monitoring the level of adsorbent inside the heat exchangers and ensure
that the bed is packed during operation.

The bottom outlet of the heating section is connected to an adjustable transport screw driven
by a stepper motor (M1343031, LAM Technologies) that discharges the sorbent into the cooling
section. The speed of the screw is adjusted through the LabView program while monitoring the
powder level indicators so that the level of adsorbent inside the heat exchanger can be kept as
desired.

The cooling section is similar to the heating one, but has only two modules and employs water
as cooling media supplied by a Jualbo CORIO™ CD-300F Refrigerated Circulator. After passing
through the cooling section, the sorbent finally reaches a collector funnel at the bottom of the unit
from which it is transported back to the top feeder by means of a vacuum conveyor system.

Table 1: Geometry and material properties of the heat exchanger used for the heat transfer measurements.

Parameter Symbol Unit Value

Number of modules Nmod - 3
Number of tubes per module Nt - 55
Number of passes (water side)a Npass - 5
Number of tubes per pass (water side) Nt,pass - 11
Internal tube diameter dt,int m 0.006
External tube square side st,ext m 0.008
Single tube length lt m 0.1
Total tube length lt,tot m 16.50
Heat transfer area - water side Aw m2 0.311
Heat transfer area - sorbent side As m2 0.528
Cross flow area - sorbent sideb Acf,s mm2 6857
Cross flow area - water sidec Acf,w mm2 311
Tubes material - - TiAl6V4
Specific heat capacity of TiAl6V4 cp,t J/kg K 526
Thermal conductivity of TiAl6V4 kt W/m K 6.6
Density of TiAl6V4 ρt kg/m3 4420

a The flow is directed into separate passes by four baffles placed in the lateral heads
b Calculated as the volume available for the sorbent flow divided by the module height
c Calculated as the internal cross section of a single tube multiplied by the number of
tubes per pass
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Figure 1: Experimental set-up used for heat transfer measurements: schematic diagram of the lab-scale moving bed
(right), details on the measuring section (top left) and heat exchanger modules with a sectioned three-dimensional
view, a cross-section and a picture of the three modules (bottom left).
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2.2. Experimental procedure
The heat transfer measurements were carried out using an activated carbon shaped as 0.5–

1.0 mm spherical beads supplied by Blücher (Germany). The physical properties of the adsorbent
are summarized in Table 2. The system was loaded with approximately 10 kg of adsorbent. As
previously mentioned, the adsorbent flow rate is controlled by the upper feeding system through a
double screw that can be operated at different rotational rates. As the actual feeding rate does not
only depend on the apparatus specifications, but also on the type of sorbent material and its flowing
properties, the feeding system was calibrated prior to the experiments. To this aim, the sorbent flow
rates were measured at different rotating speeds of the feed screw within the experimental range
(7–24 g/s).

All experimental data were collected upon reaching steady state, which was assessed by mon-
itoring the system temperatures via the LabVIEW interface. The sorbent feeding system was
activated starting from the lowest flow rate and operated for several minutes until a new steady
state was reached. At this point, the temperature measurement were recorded in LabVIEW. The
sorbent flow rate was then changed to the next set point and the procedure was repeated. Each
data point was obtained by averaging the readings over a period of time to reduce the influence of
instantaneous random fluctuations.

Table 2: Physical properties of the adsorbent material.

Parameter Value Unit

Adsorbent type Activated carbon* –
Particle shape Spherical beads –
Particle diameter† 0.7 mm
Bulk density 452 kg/m3

Particle density† 904 kg/m3

Heat capacity† 880 kJ/kg K
Particle porosity† 0.50 –

* Provided by Blücher (Germany).
† Input value for the MBTSA simulations.

2.3. Determination of the heat transfer coefficient
The heat transfer coefficient is determined from the governing equations of the heat exchang-

ers. The main assumptions underlying this analysis are: steady-state operating conditions, one-
dimensional flow, negligible changes in the potential and kinetic energy of the fluids, constant
transport properties, no fouling on internal heat exchanger surfaces, uniform heat transfer co-
efficients, and negligible heat loss to the surroundings. The latter assumption was verified by
estimating the heat loss due to the natural convection of air on the vertical surfaces exposed to
the surrounding. Based on the actual temperature of the exposed insulation layer and the room
temperature, the heat loss was estimated to be less than 1 % of the total heat transfer rate in all
cases.
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Under the assumption of negligible heat loss, the heat transfer from the water is equal to the
heat transfer to the sorbent. If, in addition, the specific heat of water is assumed to be constant, the
heat flow rate can be calculated from the measured data according to:

Q̇ = ṁwcp,w(Tw,in − Tw,out), (1)

where the subscript w stands for water.
Using the mean logarithmic temperature difference approach (Cengel et al., 1998), the heat

transfer rate can be related to the heat transfer resistances as:

Q̇ =
∆TLM

Rtot
, (2)

where Rtot is the total heat transfer resistance and ∆TLM is the logarithmic mean temperature dif-
ference for the counter-flow arrangement. The total thermal resistance, Rtot, is the sum of the
contributions due to internal convection (water-side), conduction across the tube walls, and exter-
nal convection (sorbent-side). The average heat transfer coefficient between the flowing sorbent
and the tube walls, hs, can be solved from:

Rtot = Rw + Rt + Rs =
1

Awhw
+

ln(dt,ext/dt,int)
2πktlt,tot

+
1

Ashs
, (3)

where the subscript t stands for tubes and s for sorbent, whereas As is the heat transfer area on the
sorbent side, given by:

As = 4st,ext lt Nmod Nt. (4)

Concerning the internal convective resistance (water side), the heat transfer area Aw is calcu-
lated directly from the system geometry as:

Aw = 2πr2
t,int lt,tot, (5)

where lt,tot is the total length of tubes in the heat exchanger and rt,int is the internal tube diameter.
Moreover, the internal heat transfer coefficient, hw, is estimated from an empirical correlation. As
the water flow is laminar in all the tests (Reynolds numbers between 1178–1638), the following
correlation for internal laminar flow was adopted (Cengel et al., 1998):

Nu =
hwdt,int

kw
= 3.66 +

0.065(dt,int/lt) Re Pr
1 + 0.04[(dt,int/lt) Re Pr]2/3 (6)

The water conductivity, kw, and the dimensionless numbers appearing in the correlation were
evaluated at the bulk mean water temperature (i.e., arithmetic average of the temperature at the
inlet and outlet).

Lastly, the tube walls resistance, Rt, was directly calculated from the thermal properties of the
tube material (TiAl6V4 alloy) and the system geometry. For this purpose, the square profile of
the tubes (with a side length st,ext) was converted into an equivalent circular profile (with diameter
dt,ext) with the same cross-sectional area as the actual profile.
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Figure 2: On the left, example of experimental results obtained for two test runs: Plot of the measured sorbent
and water temperatures. On the right, schematic diagram of the experimental set-up indicating the position of each
thermocouple.

2.4. Experimental results
An example of the collected temperature data is shown in Figure 2, where the points in the

plots correspond to the temperatures sensed by the thermocouple, as specified in the schematic
diagram on the right side. It was observed that, in all the experiments performed, the largest
adsorbent temperature gain is achieved within the first module, while only a small fraction of heat
is exchanged in the second and third modules. Furthermore, the change in temperature experienced
by the water, is only a few degrees in the first module and almost negligible in the second and
third ones. It was therefore decided to estimate the heat transfer coefficient using only the data
corresponding to the first module, where the majority of the heat exchange takes place and the
results have the least uncertainty.

The numerical values of the measured temperatures and the thermal parameters used to es-
timate the heat transfer coefficient are reported in Table 3. The estimated heat transfer rate, Q̇,
ranged between 249 W and 629 W, corresponding to tests 4 and 9, respectively. With regards to
the thermal resistances, the convection on the sorbent-side was always the dominating resistance,
ranging between 72 and 82 % of the total thermal resistance, while the conductive resistance of
the tube walls ranged between 1.8 and 2.7 %.

The convective heat transfer coefficient on the sorbent side was computed for each operating
point according to Eq. (3), and the results were plotted against the velocity of the solid particles in
Figure 3. As expected, the heat transfer coefficient increases with the solid velocity (Niegsch et al.,
1994, Al-Ansary et al., 2012, Baumann and Zunft, 2015), while no dependence was observed on
the solid temperature. The measured heat transfer coefficients ranged between 69 and 117 W/m2 K
with an uncertainty below 8% in all cases, which was evaluated using the law of propagation
of uncertainty (Farrance and Frenkel, 2012). The trend of the experiments suggests that even
higher values might be achieved by operating the system at higher solid velocities. However, this
hypothesis could not be verified due to the limitations of the experimental apparatus.

In order to correlate the experimental results, the heat transfer coefficient and solid velocity
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Figure 3: Experimental heat transfer coefficients and fitted correlation (right). Comparison of the heat transfer coeffi-
cients measured in this work against the values reported by Obuskovic (1988) for a single tube immersed in a moving
bed operated with glass and sand particles of different diameters (left).

were expressed in terms of dimensionless quantities. The dependence of the heat transfer co-
efficient on: (i) gas thermal conductivity, (ii) bulk density, (iii) sorbent heat capacity, (iv) solid
velocity, and (v) tube external side can be expressed as:

f (hs, kg, ρb, cp,s, vs, st,ext) = 0. (7)

Since this relationship involves 6 variables and 4 physical dimensions (i.e., time, length, mass, and
temperature), dimensional analysis yields two independent dimensionless groups:

g(Nu, Pe) = 0, (8)

where
Nu =

hsst,ext

kg
(9)

is the Nusselt number and
Pe =

ρbcp,svsst,ext

kg
(10)

is the Péclet number. The Nusselt and Péclet numbers can be interpreted as the dimensionless
heat transfer coefficient and solid velocity, respectively. Using these dimensionless numbers, the
experimental results were correlated by means of regression analysis, and the following equation
was obtained:

Nu = a Peb = 0.808 Pe0.445. (11)

This correlation is used to estimate the heat transfer rate within the full-scale MBTSA model de-
scribed in the following section. As shown in Figure 3 (right), the relative deviation between the
heat transfer coefficients determined experimentally and the values predicted by Equation (11) is
below 5% for all cases. In addition, the coefficient of determination obtained from the regression
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analysis is R2 = 0.995. This suggests that the proposed correlation is adequate to predict the
heat transfer coefficient for flowing adsorbent particles within cross-flow shell-and-tube heat ex-
changers, provided that the they are geometrically similar and operated within the range of particle
velocities considered in these experiments.

In addition, Figure 3 (left) compares the heat transfer coefficients measured in this work against
those reported by Obuskovic (1988) for a single tube immersed in a moving bed of solid particles.
The heat transfer coefficients obtained for the activated carbon particles considered in this work
are comparable with those obtained by Obuskovic (1988) for glass and sand particles of different
diameters. In addition, the variation of the heat transfer coefficient with the velocity of the solid
particles follows the same trend as the data from Obuskovic (1988). In particular, the exponent of
the Péclet number obtained in the present work (b = 0.455), see Equation (11), agrees well with
the exponent reported by Obuskovic (1988) for their low-velocity experiments (b = 0.4), and with
the theoretical value suggested by Mickley and Fairbanks (1955) for an homogeneous moving bed
of infinitesimally small particles (b = 0.5).

Finally, the heat transfer coefficients measured in this work are significantly higher than those
typically encountered in fixed bed configurations. For example, Marx et al. (2016) reported
heat transfer coefficients between 20 and 40 W/m2 K when performing TSA experiments on a
indirectly-heated packed bed filled with a zeolite 13X adsorbent shaped as spherical beads with
diameters between 1.6 and 2.0 mm. Similarly, Bonjour et al. (2002) obtained heat transfer val-
ues up to 50 W/m2 K when measuring the heat transfer performance of a coaxial packed bed heat
exchanger filled with activated carbon beads of 0.65 mm mean diameter. This confirms that the
moving bed configuration has the potential to address one of the main limitations of the fixed bed
TSA process, namely, the low productivity due to the slow heating and cooling of the adsorbent.
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ṁ
s

g/
s

7.
72

7.
72

16
.9

9
7.

34
16

.8
2

16
.8

2
21

.7
0

23
.2

9
23

.8
4

7.
73

11
.7

8
12

.2
8

21
.9

2
12

.6
0

23
.0

2
21

.6
5

21
.6

5
M

as
s

flu
x

J s
kg

/m
2 s

1.
13

1.
13

2.
48

1.
07

2.
45

2.
45

3.
16

3.
40

3.
48

1.
13

1.
72

1.
79

3.
20

1.
84

3.
36

3.
16

3.
16

V
el

oc
ity

v s
m

m
/s

2.
49

2.
49

5.
48

2.
37

5.
43

5.
43

7.
00

7.
51

7.
69

2.
49

3.
80

3.
96

7.
07

4.
07

7.
43

6.
98

6.
98

In
le

tt
em

p.
T s
,in

◦ C
25

.1
24

.2
26

.4
22

.7
24

.9
26

.7
27

.7
28

.8
26

.4
21

.2
24

.4
22

.6
26

.9
23

.2
25

.9
31

.0
27

.5
O

ut
le

tt
em

p.
T s
,o

ut
◦ C

66
.2

65
.1

55
.8

52
.2

45
.5

46
.0

43
.5

52
.0

51
.1

66
.6

60
.8

59
.0

53
.5

48
.2

41
.2

45
.8

43
.2

W
at

er
In

le
tt

em
p.

T w
,in

◦ C
87

.5
87

.3
85

.7
66

.2
65

.3
65

.3
64

.7
84

.7
84

.6
87

.3
86

.7
86

.4
84

.9
65

.7
64

.2
64

.9
64

.5
O

ut
le

tt
em

p.
T w

,o
ut

◦ C
84

.2
83

.6
80

.6
64

.0
62

.0
62

.1
61

.2
79

.2
78

.9
83

.7
82

.4
81

.8
79

.4
62

.8
60

.5
61

.7
61

.0
Fl

ow
ra

te
ṁ
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3. Application of the MBTSA process to a waste-to-energy plant

3.1. Case study definition
The second part of this study considers the application of the MBTSA process to capture

CO2 from a Combined Heat and Power (CHP) waste-to-energy plant with a net power output of
16.8 MWel and a thermal output of 64.6 MWth. The power plant was modeled in Thermoflex
software (Thermoflow Version 27) using a built-in waste-to-energy plant model. The flue gas
specification required to design the MBTSA process were obtained by simulating the plant at its
nominal operating point. In order to reduce the computational effort of the MBTSA simulations,
the composition of the exhaust gas was simplified to a binary mixture of N2 and CO2, assuming
that: (i) the flue gas is dried prior to the capture process, and (ii) O2 and Ar behave similarly to
N2 in terms of adsorption equilibrium and kinetics (Plaza et al., 2014, 2017). The resulting flue
gas specifications, used as input for designing and simulating the MBTSA process, are listed in
Table 4.

Table 4: Flue gas specifications of the waste-to-energy CHP plant.

Parameter Value Unit

Mass flow rate 55.9 kg/s
Temperature 30 ◦C
Pressure 101.5 kPa
Simplified composition:

molar fraction of CO2 11 %
molar fraction of N2 89 %

3.2. Adsorbent material
The adsorbent used for the case study was the same activated carbon employed in the heat

transfer experiments. The physical properties of the adsorbent used as basis for the MBTSA
process simulations are summarized in Table 2. In addition, the adsorption equilibrium data for
CO2 and N2 were measured experimentally and fitted with a suitable adsorption isotherm model
as described below.

Pure-component isotherms of CO2 and N2 were measured on a sample of the activated carbon
using a volumetric adsorption apparatus (Belsorp Max, MicrotracBEL, Japan). The data were col-
lected at six different temperatures between 30 and 150 ◦C. Prior to the measurements, overnight
degassing of the sample was performed at 150 ◦C and vacuum conditions.

The experimental isotherms data were fitted with a Virial model truncated at its second term
(Barrer, 1981, Grande et al., 2008):

Pi =
q∗i

KH,i
exp(Aiq∗i + Biq∗2i ), (12)

where subscript i indicates the adsorbate (CO2 or N2), Pi is the partial pressure, q∗i the amount
adsorbed at equilibrium, and KH,i the Henry’s law constant. The temperature dependence of the
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Table 5: Virial model parameters fitting CO2 and N2 adsorption isotherms on the activated carbon at temperatures
between 30 and 150 ◦C and pressures up to 105 kPa.

K∞H
mol/kg kPa

−∆H
kJ/mol

A0

kg/mol
A1

K kg/mol
B0

kg2/mol2
B1

K kg2/mol2

CO2 2.6969 · 10−7 30.006 −4.3235 1474.0 1.4239 −465.20
N2 5.5486 · 10−7 21.934 −22.982 7121.1 51.644 −15756

Virial coefficients Ai and Bi was expressed by

Ai = A0,i +
A1,i

Ts
and Bi = B0,i +

B1,i

Ts
, (13)

while the dependence of the Henry’s law constant with temperature was given by the Van’t Hoff

equation:

KH,i = K∞H,i exp
(−∆Hi

RTs

)
, (14)

where K∞H,i is the adsorption constant at infinite temperature, ∆Hi the heat of adsorption at zero
coverage, and R the universal gas constant.

The values of the fitted Virial model parameters are summarized in Table 5, and they serve as
basis for prediction of adsorption equilibrium in the MBTSA model, where the multi-component
extension of the Virial model (Taqvi and LeVan, 1997, Grande et al., 2008, Shen et al., 2010) is
implemented to account for competitive adsorption of the two gases (see Appendix A).

The results of the CO2 and N2 isotherms measurements together with the isotherms fitting
are shown in Figure 4. As expected, the adsorption capacity of CO2 is higher than that of N2 in
the whole temperature and pressure ranges examined. Nevertheless, the equilibrium selectivity
expressed as

sCO2/N2 =
qCO2/pCO2

qN2/pN2

(15)

and calculated at the feed gas conditions is just above 11. This value is significantly lower than
that of other widely used CO2 capture adsorbents, such as 13X and 5A zeolites, for which the se-
lectivity can be as high as 96 and 90, respectively (Merel et al., 2008). Indeed, the CO2 adsorption
capacity at the feed gas conditions (11 kPa and 30 ◦C) is much lower for the activated carbon,
being less than 0.4 mol/kg, compared to a value larger than 2 mol/kg for the zeolites (Cavenati
et al., 2004, Mulloth and Finn, 1998).

With regards to the heat of adsorption, the values obtained by fitting the CO2 and N2 isotherms
are in agreement with literature data reported for other carbon adsorbents (Lopes et al., 2009, Plaza
et al., 2017, Mondino et al., 2017).

3.3. MBTSA process configuration
The MBTSA process configuration considered in this work is illustrated in Figure 5. The sys-

tem comprises five main sections through which the adsorbent circulates, namely the adsorption,
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Figure 4: CO2 and N2 adsorption isotherms on the activated carbon: measured data (dots) and model fitting (contin-
uous lines).

preheating, desorption, precooling and cooling sections. The separation of the CO2 from the rest
of the flue gas takes place within the adsorption section, where the gas flows upwards in a counter-
current way with respect to the adsorbent that moves downwards. While the CO2 is preferentially
adsorbed onto the activated carbon, the non-adsorbing N2 is vented to the atmosphere from the top
outlet of the adsorption section. In order to ensure uniform distribution of the sorbent flow, the
adsorption section is filled with structured packing consisting of corrugated and perforated metal
plates, similar to those used in absorption columns.

The adsorbent reaching the bottom outlet of the adsorbent section is loaded with CO2 and
needs to be regenerated. The thermal energy required for sorbent regeneration is provided within
the preheating and desorption sections, both operated as indirect-contact heat exchangers. The
preheating section is used first to heat the adsorbent to a certain extent by means of internally
recovered heat, while the desorption section is used to provide additional heat to the sorbent until
reaching the target desorption temperature. The desorbing CO2 is collected in a CO2-rich stream
at the bottom end of the desorption section. Light vacuum (about 90 kPa) is applied to assist the
desorption and direct the desorbing gas towards the extraction point.

The remaining sections, precooling and cooling, are used to bring the adsorbent back down to
the adsorption temperature. If complete regeneration is not achieved within the desorption section,
the remaining CO2 is recovered by purging the adsorbent in the cooling and precooling sections
with a small fraction of the CO2-free product. Ultimately, the regenerated adsorbent is transported
back to the top of the unit, closing the cycle.

3.4. Design of the MBTSA process
Based on the given flue gas specifications and adsorbent characteristics, the MBTSA process

was designed to achieve a CO2 purity of at least 95 % and a capture rate higher than 90 %, as
typically required in CCS application (Nord and Bolland, 2020, Joss et al., 2017).

The design of the MBTSA process was accomplished using the one-dimensional model docu-
mented by the authors in previous publications (Mondino et al., 2017, 2019, 2020). The model is
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Figure 5: Schematic diagram of the simulated MBTSA process.

based on the mass, energy and momentum balances applied to the different MBTSA sections, and
it was implemented in the gPROMS environment (gPROMS Model Builder Version 6.0). Com-
pared to previous works, the model was extended to include the equations of the heating/cooling
media of the heat exchangers and to accommodate the sorbent-side heat transfer coefficients de-
termined experimentally. The complete set of model equations, together with the underlying as-
sumptions, is reported in Appendix A.

Several design parameters including the system dimensions (height and diameter of each sec-
tion) and operating conditions (amount of circulating sorbent, adsorption and desorption temper-
atures, and CO2 extraction pressure) were adjusted until the target CO2 purity and capture rate
were achieved. The design parameters of the final configuration are listed in Table 6. A very
large amount of sorbent (650 kg/s) relative to the flue gas (56 kg/s) was required because of the
low CO2 capacity of the adsorbent. The limited working capacity of the adsorbent was partially
compensated by adopting a large temperature swing. In particular, the cooling and regeneration
temperatures, i.e., the minimum and maximum temperatures experienced by the adsorbent, were
18 ◦C and 184 ◦C, respectively.
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Table 6: MBTSA design and process parameters.

Operating conditions

Sorbent regeneration temperature 184 ◦C
Sorbent cooling temperature 18 ◦C
CO2 extraction pressure 90 kPa
Inlet gas sup. velocity 0.41 m/s
Void fraction in adsorption section 0.7 -
Void fraction in other sections 0.5 -

System dimensions

Diameter in adsorption section 12.8 m
Diameter in other sections 13.3 m
Height of adsorption section 0.9 m
Height of preheating section 0.4 m
Height of desorption section 0.8 m
Height of precooling section 0.4 m
Height of cooling section 0.6 m
Total height 3.1 m

Sorbent inventory

Amount of circulating sorbent 650 kg/s
Sorbent mass flux in heat exchangers 4.7 kg/m2s
Sorbent residence time 4.2 min

Heating/cooling fluids

Specific heat capacity 4.2 kJ/kg K
Density 1000 kg/m3

Flow rate in preheat./precool. sections 160.6 kg/s
Flow rate in desorption section 267.6 kg/s
Flow rate in cooling section 267.6 kg/s
Inlet temperature in desorption section 187 ◦C
Inlet temperature in cooling section 10 ◦C

With regards to the system dimensions, the length and diameter of the adsorption section were
selected as a trade-off to reduce the footprint of the column and limit the gas and sorbent velocities
to avoid fluidization, guarantee a sufficient residence time, and limit the pressure drop. The cross
section area of the other sections (preheating, desorption, precooling and cooling) was determined
by scaling up the heat exchanger modules of the experimental apparatus to the actual sorbent flow
rate, while maintaining the same tube shape and diameter (i.e., same heat transfer area per unit
volume). The length was then adjusted so that the desired temperatures were reached by the end
of the section.
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3.5. Simulation results - Concentration and temperature profiles
Figure 6 shows the computed concentration and temperature profiles along the five MBTSA

sections, where the left and right limits of the plot correspond to the bottom of the cooling section
and the top of the adsorption section, respectively. In agreement with this representation, the
adsorbent flows from the right to the left in each section and the feed gas flows from the left to the
right within the adsorption section.

As seen in the adsorbent loading profile within the adsorption section, a significant amount of
nitrogen is also adsorbed along with the CO2. This is in agreement with the adsorption equilibrium
data and corresponding selectivity, which was estimated to be as low as 11. More specifically, at
the bottom end of the adsorption section, i.e., at the gas feeding point, the fraction of nitrogen in
the adsorbed phase is approximately 39% of the total, corresponding to a specific loading around
0.26 mol/kg, versus a CO2 loading of 0.42 mol/kg. Furthermore, as seen in the temperature profile
of the adsorption section, the effect of the heat of adsorption is modest and causes an increase
in the adsorbent temperature of about 9 ◦C. As expected, in the adsorption section the maximum
temperature is reached at the gas feeding point, where the adsorption driving force is the highest.
The reason for the limited impact of this non-isothermal effect can be attributed to the high sorbent-
to-gas ratio associated to the low adsorption capacity.

Most of the adsorbed nitrogen is released from the adsorbed phase as the temperature increases
along the preheating section, i.e., moving from right to left along the plot, while the CO2 loading
remains approximately constant due to its stronger affinity on the adsorbent. The gas that is being
desorbed within the preheating section is removed from the top and re-mixed with the feed gas
(see Figure 5). As the N2 is removed, and the adsorbent temperature increases, the CO2 fraction
in the gas phase gradually increases towards the bottom end of the preheating section. The same
trend continues in the desorption section, where the adsorbent temperature is further increased to
the target regeneration temperature (184 ◦C) and CO2 molar fraction in the gas phase reaches a
maximum value of 97.2% at the bottom end of the section, i.e., the CO2 extraction point.

As depicted in Figure 6, the adsorbent still contains a certain amount of CO2 (about 0.07 mol/kg)
when entering the following section for precooling. To further regenerate the adsorbent and re-
cover this CO2, a fraction of the CO2-free product (approximately 15% of the total flow rate on a
weight basis) was used to counter-currently purge the adsorbent within the cooling and precooling
sections. The use of this purge gas is also important to avoid the formation of low pressure zones
induced by the decrease in temperature, thus maintaining the pressure close to atmospheric.

In addition to the gas and sorbent temperature profiles, the bottom plot in Figure 6 also shows
the temperature of the heating and cooling fluids along the corresponding sections. In an attempt
to maximize the internal heat recovery, the flow rate of the heat transfer media was tuned so that
its heat capacity rate was as close as possible to that of the sorbent-gas side and the temperature
difference along the heat exchanger was approximately constant.

3.6. Simulation results - Overall system performance
The MBTSA process was evaluated in terms of several performance indicators, and the results

are reported in Table 7. The CO2 purity corresponds to the molar fraction of CO2 in the CO2-rich
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Figure 6: Concentration and temperature profiles for each section of the MBTSA system. Position 0 m corresponds
to bottom of the cooling section and position 3.1 m to the top of the adsorption section. The black and gray arrows
represent the direction of the gas and sorbent flows, respectively.

product,

CO2 purity =
ṅCO2,CO2-rich gas

ṅtot,CO2-rich gas
· 100, (16)

while the capture rate is obtained from an overall system mass balance as the ratio between the
amount of CO2 in the CO2-rich product (i.e., moles of CO2 captured per unit time) and the amount
of CO2 in the flue gas (i.e., amount of CO2 fed to the system per unit time),

CO2 capture rate =
ṅCO2,CO2-rich gas

ṅtot,flue gas
· 100. (17)

The process productivity was calculated as the ratio between the mass flow rate of CO2 in the
CO2-rich product and the total sorbent inventory,

Productivity =
ṁCO2,CO2-rich gas

ṁs · tcycle
. (18)
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Table 7: Summary of simulations results.

Main performance indicators

CO2 purity 97.2 %vol
CO2 capture rate 90.8 %vol
CO2 captured 8.26 kg/s
Sorbent flow rate 650 kg/s
Process productivity 181 kgCO2 /t sh
Specific energy duty 5.7 MJ/kg CO2

Heat loads in MBTSA sections

Preheating (internal recovery) 54.2 MW
Desorption (external heating) 47.0 MW
Precooling (internal recovery) 54.2 MW
Cooling (external cooling) 45.8 MW

The sorbent inventory is the amount of adsorbent needed to complete a full cycle and is calculated
as the product of sorbent flow rate and the total cycle time (sum of residence time in each section).
Lastly, the specific energy duty refers to the amount of thermal energy required to capture one
kilogram of CO2, and it was calculated by dividing the heat flow rate provided in the desorption
section by the amount of CO2 captured per unit time,

Specific energy duty =
Q̇desorption section

ṁCO2,CO2-rich gas
. (19)

In spite of the low adsorbent selectivity, the designed MBTSA process was able to meet the
desired target performance in terms of purity and capture rate, the obtained values being 97.2%
and 90.8%, respectively. With regards to the energy use, the process requires 5.7 MJ/kgCO2 , which
is higher than other values reported in the literature for TSA capture processes achieving high
CO2 purity and recovery. For example, a value of 4.28 MJ/kgCO2 has been reported for a heat-
integrated fixed-bed TSA system employing Zeolite 13X (Joss et al., 2017), while Merel et al.
(2008) estimated 4.5 MJ/kgCO2 when using 5A zeolite. A slightly lower value (3.59 MJ/kgCO2)
was reported by Plaza et al. (2017) referring to a TSA system based on structured carbon adsor-
bent and steam stripping. Nevertheless, the specific energy duty estimated in the present study is
approximately three times higher than that of a similar case study previously documented by the
authors (Mondino et al., 2019), where zeolite 13X was employed to capture CO2 from a natural
gas combined cycle (Mondino et al., 2019). The relatively higher energy duty can be explained
by the much lower working capacity of the activated carbon (0.36 mol/kg) compared to that of the
zeolite (2.8 mol/kg) which implies larger sorbent inventory and contributes to the parasitic duty
associated to the sorbent heat capacity. In addition, to compensate for the low adsorption capacity
towards CO2, a high desorption temperature was adopted, which also led to an increase in the
process energy requirement.

On the other hand, the simulated process seems to be very promising in terms of productivity,
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the obtained value being 181 kgCO2 /tsh. Such high process productivity can be attributed to the
short cycle time (4.22 min) associated with the fast heating and cooling of the adsorbent. For com-
parison, Bonjour and co-workers calculated a productivity of 22.4 kgethane/tsh for a fixed bed TSA
process with indirect heating for gaseous pollutant treatment (Bonjour et al., 2005). In the context
of post-combustion CO2 capture, Plaza et al. (2017) reported a productivity of 35-40 kgCO2 /tsh
when using carbon honeycomb monoliths in a fixed bed process with direct heating, while Joss
et al. (2017) obtained a productivity between 30 and 60 kgCO2 /tsh for an indirect heated TSA pro-
cess using zeolite 13X achieving similar performance in terms of energetic consumption (about
4 MJ/tCO2), purity (above 95%), and capture rate (above 90%).

4. Conclusions
The heat transfer coefficient of a heat exchanger used for sorbent heating in an MBTSA system

was determined in a lab scale apparatus. For this purpose, an activated carbon material shaped in
spherical beads was circulated through a set of cross-flow shell-and-tube heat exchanger modules
at different operating conditions (sorbent velocity and heating fluid temperature). The analysis
of the results revealed a direct dependence between the heat transfer coefficient and sorbent flow
rate, while no dependence was observed on sorbent temperature. The trend of the experimental
results suggested that operating the system at higher sorbent flow rates could lead to even higher
heat transfer coefficients. In any case, the heat transfer coefficients obtained (69–117 W/m2 K) are
significantly higher than those typically encountered in fixed bed configurations (10–50 W/m2 K).
This confirmed that the moving bed configuration has the potential to address one of the main
limitations of the fixed bed TSA process, namely, the low productivity due to the slow heating and
cooling of the adsorbent.

The results of the experimental campaign were used to develop a correlation for the sorbent-
side heat transfer coefficient in terms of the Nusselt and Péclet numbers. This correlation was
incorporated into an MBTSA computational model, which was then used to design and analyze
an MBTSA process for an industrial-scale waste-to-energy CHP plant. The adsorbent material
was the same commercial activated carbon used in the heat transfer experiments. Despite the low
selectivity of the adsorbent, the proposed MBTSA process was able to achieve high CO2 purity
(97.2 %) and capture rate (90.8%), at the expense of adopting a high regeneration temperature
(187 ◦C) and solid-to-gas ratio (11.6 kg of adsorbent per kg of flue gas). These two factors led to
a rather high energy consumption (5.7 MJ/kgCO2) compared with the values reported in literature
for other adsorbents. Nevertheless, the designed MBTSA system was able to achieve high process
productivity (181 kgCO2 /t adsh). This can be attributed to the fast temperature swings associated
with the high sorbent-side heat transfer coefficient of the moving bed configuration. Overall, the
simulation results indicate that the MBTSA technology is suited to capture CO2 at high purity and
recovery, while achieving higher process productivity than fixed bed TSA processes. However, the
energy performance of the capture process was relatively poor, especially considering that 53.5%
of the heat required to regenerate the adsorbent was provided by internal heat recovery. In this
regard, it is believed that the thermal energy required may be significantly reduced by replacing
the activated carbon material by other adsorbents having higher capacity and selectivity towards
CO2, such as zeolites or metal-organic frameworks.
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Nomenclature

Latin symbols

a Fitting constant -

a′ Particle specific area m2/m3

Ai First single-component Virial coefficients kg/mol

Ai j First multi-component Virial coefficients kg/mol

A0,i Fitting constants of the first Virial coefficients kg/mol

A1,i Fitting constants of the first Virial coefficients K kg/mol

Acf,s Cross-flow area of the sorbent side m2

Acf,w Cross-flow area of the water side m2

As Heat transfer area of the sorbent side m2

Aw Heat transfer area of the water side m2

b Fitting constant -

Bi Second single-component Virial coefficients kg2/mol2

Bi jk Second multi-component Virial coefficients kg2/mol2

B0,i Fitting constants of the second Virial coefficients kg2/mol2

B1,i Fitting constants of the second Virial coefficients K kg2/mol2

Bii Biot number of the adsorbent particles for component i -

cp,f Specific heat capacity of the heating/cooling fluid J/kg K

cp,g Specific heat capacity of the gas mixture J/kg K

cp,pk Specific heat capacity of packing material J/kg K

cp,s Specific heat capacity of the adsorbent J/kg K

cp,t Specific heat capacity of the heat exchanger tubes J/kg K

cp,w Specific heat capacity of water J/kg K

ĉp Molar heat capacity of the gas mixture at constant pressure J/mol K

ĉv Molar heat capacity of the gas mixture at constant volume J/mol K

Ci Molar concentration of component i in the gas phase mol/m3

Cp,i Molar concentration of component i in the macropores mol/m3

CT Total molar concentration of the gas phase mol/m3

dp Particle diameter m

dt,ext Equivalent external diameter of the tubes m

dt,int Internal diameter of the tubes m

D0
c Micropore limiting diffusivity at infinite temperature m2/s

Di j Binary molecular diffusivity of components (i, j) m2/s

DKn,i Knudsen diffusivity of component i m2/s

Dm,i Molecular diffusivity of component i m2/s
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Dp,i Macropore diffusivity of component i m2/s

Dz,i Axial dispersion coefficient of component i m2/s

Ea,i Activation energy of micropore diffusion of component i J/mol

hgs Heat transfer coefficient between gas and solid W/m2 K

hft Heat transfer coefficient between fluid and tube walls W/m2 K

hgt Heat transfer coefficient between gas and tube walls W/m2 K

hs Heat transfer coefficient on the sorbent side W/m2 K

hw Heat transfer coefficient on the water side W/m2 K

Js Sorbent mass flux kg/m2 s

kf,i Film mass transfer coefficient of component i m/s

kg Thermal conductivity of the gas mixture W/m K

kw Thermal conductivity of water W/m K

KH,i Henry’s law constant of component i mol/kg Pa

K∞H,i Henry’s law constant at infinite temperature mol/kg Pa

lt Length of a single tube m

lt,tot Total length of the tubes m

Lx Tube length along flow direction m

Lz Section length along vertical axis m

ṁ Mass flow rate mol/s

ṁs Mass flow rate of sorbent mol/s

ṁw Mass flow rate of water mol/s

Mw Molecular weight kg/mol

ṅ Molar flow rate mol/s

Nmod Number of heat exchanger modules -

Npass Number of passes per module -

Nt Number of tubes per module -

Nt,pass Number of tubes per pass -

Nu Nusselt number -

P Total pressure of the gas mixture Pa

Pi Partial pressure of component i Pa

Pe Péclet number -

Pr Prandtl number -

qi Adsorbed concentration of component i mol/kg

q∗i Adsorbed concentration of component i at equilibrium mol/kg

Q̇ Heat flow rate W

rc Micropore radius m
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rp Particle radius m

rpore Macropore radius m

rt,int Internal radius of the tubes m

R Ideal gas constant J/K mol

Rt Heat transfer resistance of the tubes K/W

Rtot Total heat transfer resistance K/W

Rs Heat transfer resistance on the sorbent side K/W

Rw Heat transfer resistance on the water side K/W

Re Reynolds number -

sCO2/N2 Adsorbent selectivity of carbon dioxide over nitrogen -

st,ext External side length of the tubes m

Sci Schmidt number of component i -

Shi Sherwood number of component i -

t Time s

tcycle Cycle time of the MBTSA process s

T Temperature of the gas K

Tf Temperature of the heating/cooling fluid K

Ts Temperature of the sorbent particles K

Tt Temperature of the heat exchanger tubes wall K

Tw Temperature of the water K

u Superficial velocity of the gas m/s

uf Velocity of the heating/cooling fluid m/s

vs Velocity of the adsorbent m/s

vw Velocity of water m/s

Yi Molar fraction of component i -

z Coordinate along the section height m

Greek symbols

αgt Ratio of external surface area of tubes to gas-solid volume m2/m3

αt,ext Ratio of external surface area of tubes to fluid volume m2/m3

αt,int Ratio of internal surface area of tubes to fluid volume m2/m3

∆Hi Heat of adsorption of component i J/mol

∆TLM Logarithmic mean temperature difference K

ε Column void fraction -

εp Particle porosity -

λg Axial heat dispersion coefficient of the gas mixture W/m K
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λpk Axial heat dispersion coefficient of the packing W/m K

µg Dynamic viscosity of the gas mixture Pa s

µw Dynamic viscosity of water Pa s

ξ Packing porosity factor -

ρf Density of the heating/cooling fluid kg/m3

ρg Density of the gas mixture kg/m3

ρp Density of the adsorbent particles kg/m3

ρpk Density of the packing kg/m3

ρt Density of the heat exchanger tubes kg/m3

ρw Density of water kg/m3

σi j Lennard-Jones parameter of binary diffusivity m

τp Particle tortuosity -

ΩDi j Dimensionless collision integral of binary diffusivity -

Abbreviations

CCS Carbon Capture and Storage

CFDM Centered Finite Difference Method

CHP Combined Heat and Power

GHG Greenhouse Gases

HTC Heat Transfer Coefficient

HX Heat Exchanger

LDF Linear Driving Force

MBTSA Moving Bed Temperature Swing Adsorption

PSA Pressure Swing Adsorption

TSA Temperature Swing Adsorption

VSA Vacuum Swing Adsorption
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Appendix A. MBTSA model equations

The MBTSA process is described by means of a one-dimensional mathematical model obtained by ap-
plying the mass, momentum and energy balances to the different sections (adsorption, preheating, desorp-
tion, precooling and cooling), each of which is connected to the adjacent ones through appropriate boundary
conditions. Although the numerical value of certain design parameters (e.g., void fraction, section height,
etc.) and operating conditions differ from section to section, the model equations and the underlying as-
sumptions are the same for each section: negligible gradients in the radial direction, constant cross sectional
area, constant sorbent velocity, uniform and constant void fraction, and ideal gas behavior in the bulk phase.

Transport equations
The gas phase concentration profiles along the section height are predicted by solving the mass balance

in the gas phase for each species:

εc
∂Ci

∂t
+
∂(uCi)
∂z

= εc
∂

∂z

(
Dz,iCT

∂Yi

∂z

)
− (1−εc − ξ) a′kf,i

Bii/5 + 1
(Ci −Cp,i), (A.1)

where the index i corresponds to each component of the gas mixture, t is the time; z the position along the
section height; Ci, Cp,i, and Yi the concentration in the bulk gas, the concentration in the macropores, and
the molar fraction in the bulk gas, respectively; εc the column void fraction; ξ the volume fraction occupied
by structured packing; Dz,i the axial dispersion coefficient; u the superficial gas velocity; a′ the adsorbent
particle specific area; kf,i the film mass transfer coefficient; and Bii the Biot number. In addition, CT is the
total concentration in the bulk gas, and it is computed with the ideal gas equation of state:

CT =
∑

i

Ci =
P

RT
, (A.2)

where P and T are the pressure and temperature in the bulk gas, respectively, and R is the universal gas
constant.

Using the linear driving force (LDF) approximation to express the mass transfer rate from the bulk gas
to the pores, and from the pores to the adsorbed phase, the mass balance in the macropores is given by:

εp
∂Cp,i

∂t
+ vs

∂Cp,i

∂z
= εp

15Dp,i

r2
p

Bii
5+Bii

(
Ci −Cp,i

)
− ρp

15Dc,i

r2
c

(
q∗i − qi

)
, (A.3)

where rp is the particle radius, Dp,i the macropore diffusivity, ρp the particle density, qi the adsorbed con-
centration of component i, and vs the velocity of the adsorbent.

Similarly, the mass balance in the solid phase is given by:

∂qi

∂t
+ vs

∂qi

∂z
=

15Dc,i

r2
c

(
q∗i − qi

)
, (A.4)

where 15Dc,i/r2
c is treated as a single parameter representing the adsorption rate of component i, and q∗i is

the adsorbed concentration of component i in equilibrium with the corresponding local concentration in the
macropore (Cp,i). The adsorption equilibrium is described with the multi-component extension of the Virial
isotherm model (Taqvi and LeVan, 1997, Grande et al., 2008) that takes into account competitive adsorption
of the different species in the gas mixture:

Pi =
q∗i

KH,i
exp


N∑

j=1

Ai jq∗j +

N∑

j=1

N∑

k=1

Bi jkq∗jq
∗
k

 (A.5)
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where the mixing Virial coefficients are calculated based on the fitting parameters from pure component
measurements (Table 5) as:

Ai j =
Ai + A j

2
and Bi jk =

Bi + B j + Bk

3
. (A.6)

The pressure gradient along the sections was computed using the Ergun equation (Ergun, 1952):

∂P
∂z

=
150µg(1 − εc)2

ε3
cd2

p
u +

1.75(1 − εc)ρg

ε3
cdp

u|u|, (A.7)

where P is the total pressure in the bulk gas, dp is the particle diameter, µg is the gas viscosity, and ρg the
gas density.

The gas and adsorbent temperatures (T and Ts) are computed from the energy balance in the gas phase
and solid phases, respectively:

εcCTĉv
∂T
∂t

+ uCTĉp
∂T
∂z

=
∂

∂z

(
λg
∂T
∂z

)
+ εcRT

∑

i

∂Ci

∂t
− (1−εc − ξ) a′hgs (T − Ts) − αgthgt (T − Tt) (A.8)

[
(1 − εc − ξ)ρpcp,s + ξρpkcp,pk

] (∂Ts

∂t
+ vs

∂Ts

∂z

)
= ξ

∂

∂z

(
λgpk

∂Ts

∂z

)
+ (1 − εc − ξ) a′hgs(T − Ts) +

(1 − εc − ξ)ρp

∑

i

(
−∆Hi

[
∂qi

∂t
+ vs

∂qi

∂z

])
+ (1 − εc − ξ)εpRTs

∑

i

[
∂Cp,i

∂t
+ vs

∂Cp,i

∂z

] (A.9)

In the previous equations, ∆Hi represents the heat of adsorption of component i, hgs the film heat transfer
coefficient between the gas and the solid, hgt the convective heat transfer coefficient between the gas and the
tubes wall, αgt the heat transfer area per unit volume, Ts the temperature of the sorbent, Tt the temperature of
the tubes wall, ĉv and ĉp the gas molar heat capacities at constant volume and constant pressure, respectively,
cp,s the specific heat capacity of the sorbent, cp,pk the specific heat capacity of the packing, ρpk the density of
the packing, λg the heat axial dispersion coefficient of the gas, and λpk the heat axial dispersion coefficient
of the packing.

In addition, in the sections operated as indirect-contact heat exchanger, the temperature of the tubes
wall (Tt) and the temperature of the heating/cooling fluid (Tf) are respectively given by:

ρtcp,t
∂Tt

∂t
= αt,exthgt(T − Tt) − αt,inthft(Tt − Tf) and (A.10)

ρfcp,f
∂Tf

∂t
+ ufρfcp,f

Lz

Lx

∂Tf

∂z
= −αt,inthft(Tf − Tt), (A.11)

where the subscript t refers to the tubes wall, the subscript f refers to the heating/cooling fluid, αt,ext and
αt,int are the external and internal heat transfer areas per unit of fluid volume, hft is the convective heat
transfer coefficient between the heating/cooling fluid and the heat exchanger tubes, and the ratio Lx/Lz is
the distance travelled by the heating/cooling fluid per unit of height.

Equation (A.10) was derived assuming that the thermal conduction resistance of the walls is negligible,
while taking into account the effect of the thermal capacity of the heat exchanger walls. On the other hand,
Equation (A.11) was derived considering a heat exchanger with a cross-flow shell-and-tube configuration,
whereby the heating/cooling fluid flows within horizontal tubes. To this end, the energy balance was applied
to a single tube along the direction of the fluid flow (x). The horizontal coordinate (x) was then converted
to the axial coordinate along the section (z) by assuming a linear dependence of the tube length (Lx) with
respect to the section length (Lz).
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Transport parameters
The axial dispersion coefficients (Dz,i) controlling the diffusion term of the gas mass balances, Equa-

tion (A.1), are obtained from the correlation proposed by Wakao and Funazkri (1978):

Dz,i =
Dm,i

εc
(20 + 0.5 Sci Re), (A.12)

where the Schmidt and Reynolds numbers are defined as

Sci =
µgρg

Dm,i
and Re =

ρgu dp

µg
, (A.13)

with ρg and µg being the gas density and viscosity, respectively, and dp the particle diameter. The molecular
diffusivities (Dm,i) are approximated with the Wilke correlation (Wilke, 1950):

Dm,i =
1 − Yi∑n

j,i
Yi
Di j

. (A.14)

where the binary diffusivity (Di j) is given by (Bird et al., 2002):

Di j =
0.01883 T 3/2

P σ2
i j ΩDi j

√
1

Mw,i
+

1
Mw, j

, (A.15)

with Mw being the molecular weight of the gas species, σi j the Lennard-Jones parameter, and ΩDi j the
diffusion collision integral.

The source term of the gas mass balances, Equation (A.1), involves the film mass transfer coefficients
(kf,i) and the Biot number of the adsorbent particles (Bii). The former is estimated with the Sherwood
number correlation proposed by Wakao and Funazkri (1978):

Shi =
kf,idp

Dm,i
= 2.0 + 1.1Re0.6Sci

1/3, (A.16)

while the Biot number is defined as

Bii =
rpkf,i

εpDp,i
, (A.17)

where rp is the particle radius, εp is the particle porosity and Dp,i the macropore diffusivity. The macropore
diffusivity is computed using the relation proposed by Yang (1987):

1
Dp,i

= τp

(
1

DKn,i
+

1
Dm,i

,

)
(A.18)

where τp is the particle tortuosity, and DKn is the Knudsen diffusivity, which is computed according to
(Ruthven, 1984):

DKn,i =
2
3

rpore

√
8
π

R T
Mw,i

. (A.19)

Moreover, the rate of adsorption of each component (15Dc,i/r2
c ), appearing in Equations (A.3) and (A.4), is

assumed to have a dependency on temperature given by an Arrhenius equation:

15Dc,i

r2
c

=
15D0

c,i

r2
c

exp
(−Ea,i

RT

)
, (A.20)
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where the term 15D0
c,i/r

2
c represents the adsorption rate at infinite temperature and Ea,i the activation energy

of micropore/crystal diffusion.
In analogy with mass dispersion in the gas phase, the axial thermal dispersion coefficient (λg) appearing

in the gas energy balance, Equation (A.8), is obtained from the empirical correlation proposed by Wakao
et al. (1979):

λg = kg(7 + 0.5 Pr Re), (A.21)

where the Prandtl number is defined as
Pr =

cp,gµg

kg
, (A.22)

with kg being the gas thermal conductivity. In addition, the convective heat transfer coefficient between gas
and solid (hgs) is computed with the Nusselt number correlation proposed by Wakao et al. (1979):

Nu =
hgsdp

kg
= 2.0 + 1.1Re0.6Pr1/3. (A.23)

Lastly, the convective heat transfer coefficient on the sorbent-side of the heat exchanger (hgt ≡ hs) was
computed with the correlation developed from the heat transfer measurements, see Equation (11) in the
main text.
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Niegsch, J., Köneke, D., Weinspach, P.M., 1994. Heat transfer and flow of bulk solids in a moving bed. Chemical
Engineering and Processing: Process Intensification 33, 73–89.

Nord, L.O., Bolland, O., 2020. Carbon Dioxide Emission Management in Power Generation. John Wiley & Sons.
Obuskovic, N.S., 1988. Heat transfer between moving beds of solids and a vertical tube. Ph.D. thesis. Oregon State

University.
Okumura, T., Ogino, T., Nishibe, S., Nonaka, Y., Shoji, T., Higashi, T., 2014. Co2 capture test for a moving-bed

system utilizi g low-temperature steam. Energy Procedia 63, 2249–2254.
Okumura, T., Yoshizawa, K., Nishibe, S., Iwasaki, H., Kazari, M., Hori, T., 2017. Parametric testing of a pilot-scale

design for a moving-bed co2 capture system using low-temperature steam. Energy Procedia 114, 2322–2329.
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