
Yash D
harm

endra Raka
D

octoral theses at N
TN

U
, 2021:169

ISBN 978-82-326-5728-5 (printed ver.) 
ISBN 978-82-326-6386-6 (electronic ver.) 

ISSN 1503-8181 (printed ver.)
ISSN 2703-8084 (electronic ver.)

D
oc

to
ra

l t
he

si
s Doctoral theses at NTNU, 2021:169

Yash Dharmendra Raka

Waste heat to Hydrogen using 
Reverse Electrodialysis

N
TN

U
N

or
w

eg
ia

n 
U

ni
ve

rs
ity

 o
f 

Sc
ie

nc
e 

an
d 

Te
ch

no
lo

gy
Th

es
is

 fo
r 

th
e 

de
gr

ee
 o

f 
Ph

ilo
so

ph
ia

e 
D

oc
to

r
Fa

cu
lty

 o
f E

ng
in

ee
ri

ng
 

D
ep

ar
tm

en
t o

f E
ne

rg
y 

an
d 

Pr
oc

es
s 

En
gi

ne
er

in
g



Waste heat to Hydrogen using 
Reverse Electrodialysis

Thesis for the degree of Philosophiae Doctor

Trondheim, May 2021

Norwegian University of Science and Technology
Faculty of Engineering
Department of Energy and Process Engineering

Yash Dharmendra Raka



NTNU
Norwegian University of Science and Technology

Thesis for the degree of Philosophiae Doctor

Faculty of Engineering
Department of Energy and Process Engineering

© Yash Dharmendra Raka

ISBN 978-82-326-5728-5 (printed ver.)
ISBN 978-82-326-6386-6 (electronic ver.)
ISSN 1503-8181 (printed ver.)
ISSN 2703-8084 (electronic ver.)

Doctoral theses at NTNU, 22021:169

Printed by Skipnes Kommunikasjon AS 

NO - 1598



Acknowledgement

The research work was carried out at the RED-ED lab at the Department of Energy and
Process Engineering from 2017 to 2020. I want to thank NTNU and ENERSENSE for financial
support during this period.

I want to thank my supervisor Prof.Odne Stokke Burheim, for giving me an opportunity
to work on an exciting topic and his scientific feedback, especially during the experiments.
His multi-faceted and pedagogical approach made me contemplate ideas and grow as an
independent researcher. I want to thank Assoc. Prof. Håvard Karoliussen for his guidance
on the electrochemical theory and experiments and his eye for detail. I want to thank
Assoc.Prof. Kristian Myklebust Lien for instigating an industrial point of view and shared
practical examples/facts that helped me develop the techno-economic study. Although I did
not publish the work, I want to extend my thanks to Prof. Olivier Bernard. His significant
help in creating a multi-objective memetic algorithm.

I want to thank Dr Kjersti Wergeland Krakhella for helping me settle in Trondheim with
experiments and brainstorming sessions. I want to thank Dr Robert Bock for his contribution
to writing articles that lifted the quality of the articles, conclusive discussions on theory and
help during experiments. Simon Birger Byremo Solberg, I want to thank you for supporting
me with permselectivity investigations and assisting in irreversible thermodynamics deriva-
tions. Pauline Zimmermann, I want to thank you for your help with RED stack measurements.
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Prose
What is Truth?

What we see, listen or say is that true? Are their meanings true?
What is this thing whose search has bothered and divided many philosophers?

When I see, there are many aspects,
When I listen there are many stories,
When I say, there are many questions.

If I want to know, where shall I search, what can I do, how can I understand, what are the
methods?
If I think the truth is in-depth, then the conclusion is influenced by it.
If I think the truth is in the diversity, then I get lost in its turbulence.

Why is the truth so complex?
What can I do that I understand? That I can use it, that I use it as a basis to lead my life.

We are surrounded by talks, confused in thoughts, influenced by stories.
We are sinking in the external gratification, in the misunderstandings.
We believe in something, devote ourselves to someone and create truth.
It is true to us and those who resonate with it.

Many people, with many thoughts,
Many thoughts with many meanings,
Many meanings have many bases,
Many bases have many associated experiences,
Many experiences influence by circumstances,
One’s intelligence and surroundings influence these circumstances.
If I believe this is true, then what is false?

We live in a constantly changing environment.
When I feel I understand, I get tangled with my reference, what to trust and what to believe.
When I get calm, I understand that this is a matter of time; only age can resolve this.

If I assume this as truth, then life is like a search; this search has many ideologies, which has
many perspectives, many perspectives have many conclusions that change with time.
In the end, these are our choices, every choice has a consequence, and these consequences
make us.
I have been entangled with my choices, and three years have passed by, and the search for
my truth continues.
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Abstract

In current times the research across the globe is focused on carbon-free energy sources
that can drive the economy in future. One of the promising ways to achieve this is to have
demand-based sustainable energy storage powered by renewable energy sources. The use of
excess renewable energy to produce chemicals or storing energy in the form of chemicals is
the point of focus. This shows that we are transitioning towards power to chemical-based
future energy system. Hydrogen is one such chemical. However, renewable energy sources
such as solar and wind are intermittent. Sectors such as chemical industries, transportation
are found to have potential. More than 40% of the total industrial energy use is being wasted
by dumping it in the surrounding. We propose a salinity gradient-based energy system
known as Reverse electrodialysis (RED) to solve these problems. Here, the driving force is
concentration difference across an ion exchange membrane that causes a flow of ions in a
specific direction. This flux of ions can be converted either into electrical current or produce
gas such as hydrogen depending on the appropriate choice of electrode-electrolyte system.
The RED system does not produce any toxic waste when in operation; it can be up-scaled to
Mega-Watts size. Closed-loop RED systems use Mechanical or thermal energy to reuse the
solutions exiting from the system. This heat can be at a temperature lower than 373 K. Thus
leading to a stand-alone system independent of the geographical constraints for the source
of the feed solutions.

A thermolytic salt- ammonium bicarbonate can use the low-grade waste heat (less than
373 K) to restore the concentration to initial. A thermodynamic model developed provides
insight into the different parameters such as operating conditions- concentration of feed
solutions, temperature; system parameters such as inter-membrane distance or channel
thickness; residence time of feed solutions in the RED stack; and membrane properties
such as permselectivity and area-specific membrane resistance. The system’s performance is
evaluated based on hydrogen production rate normalised over membrane area, waste heat
required to produce unit kilograms of hydrogen and cost incurred to produce one kilogram
of hydrogen if the system is to be operated for 20 years levelised cost of hydrogen (LCH).

The concentration of concentrate solution increases the hydrogen production rate and re-
duces the levelised cost of hydrogen. The theoretical maximum concentration of concentrate
solution is 2.6 M, whereas, in practice, it is 2 M at room temperature. There is an optimal
dilute solution concentration; any deviation decreases the hydrogen production rate and
increases the levelised cost of hydrogen. However, with the increase in the concentration of
feed solutions, the waste heat required to restore the concentration increases. This increase
in the waste heat required increases the levelised cost of hydrogen. Hence to achieve low
LCH, there is an optimum value of dilute solution concentration. This optimum was found
to be ± 0.1 M. The increase in operating temperature increases the open circuit potential,
increases ionic mobility, i.e. solution conductivity and thus the hydrogen production and
lowers the LCH.
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Assuming negligible resistance due to the electrical double layer and diffusion boundary layer,
the increase in the inter-membrane distance or channel thickness decrease the hydrogen
production rate due to increased channel ohmic resistance. The increase in the inter-
membrane distance decreases waste heat required per unit volume due to the reduced salt
flux through the membrane but increases the total waste heat required due to the increased
amount of volume flowing through the channel. An increase in residence time decreases
pressure drop and thus the pumping power required. The amount of salt diffusing through
the membrane increases, which increases the waste heat per unit volume. However, as the
volume flow rate decreases, the total heat required to restore the concentrations decreases.

The economic study suggests that in the present scenario, capital expenses (CAPEX) and
waste heat required contributes to more than 75% of the LCH. Regeneration system and
membranes contribute more than 80% to the CAPEX. Hence it is essential to optimise
regeneration system and membranes to achieve market competitive LCH. In the present and
future scenario for a euro increase in the membrane cost, the LCH increases by 0.055 and
0.01 C kg−1

H2
. And for a 0.001 C kWh−1 increase in the cost of waste heat, the LCH increases

by 4.02 and 1.78 C kg−1
H2

.

Membrane properties such as permselectivity and membrane resistance of ten commercial
membranes were studied. In general, the anion exchange membranes (AEM) showed lower
conductivity at different concentration and elevated temperatures when compared to the
cation exchange membrane (CEM). The membranes with high conductivity (CMF- CEM; APS-
AEM) and low area-specific membrane resistance (CSO- CEM; FAS- AEM) were compared
based on hydrogen production rate, specific waste heat required, energy efficiency and LCH.
The highest performance was achieved with a stack made of FAS and CSO, producing hydro-
gen at 8.48·10−7 kg m−2

mems−1 with a waste heat requirement of 344 kWh kg−1 hydrogen.
This yielded an operating energy efficiency of 9.7% and a levelised cost of 7.80 C kg−1

H2
.

Permselectivity of the best performing membranes was studied at different concentrations;
the AEM- FAS had lower permselectivity values than CEM- CSO. The concentration of ammo-
nium bicarbonate solutions in the salt bridge influences the junction potential measurements
without any clear trend. The estimated values for hydrogen production rate, thermodynamic
efficiency, specific waste heat and the levelised cost of hydrogen for RED stack with CSO/FAS
are 8.05·10−7 kg m−2s−1, 9.1%, 365.87 kWh kg−1

H2
, 10.132 C kg−1 H2 respectively. Finally,

membrane area-specific resistance lower than 1·10−4 Ωm−2 and permselectivity higher than
0.9 at membrane cost lower than 10 C m−2 and waste heat cost of 0.005 C kWh−1 will
make ammonium bicarbonate RED competitive with the current renewable source-based
hydrogen-producing technologies.
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Part I

Thesis

This part is divided into five chapters. The first chapter gives an introduction to future
energy systems with hydrogen as one of the sources. It also provides a brief explanation of
waste heat potential and how a closed-loop reverse electrodialysis system can utilise it to
produce hydrogen. The aim of the research and research questions are also described in the
chapter. The second chapter elaborates on the theory and principles of reverse electrodialysis.
The third chapter gives a brief on the methodology used to conduct the research and then
summarises results, an overall conclusion and a few suggestions for further work. It should
be noted that most of the information provided in this part is given in the papers.





1Introduction

This chapter encapsulates the motivation to carry out the research followed by the research
work’s aim, divided into four research questions that focus on the complexity and specific
feasible tasks.

1.1 Decarbonising industry with green hydrogen

According to the International energy agency (IEA), supplying hydrogen to industrial users
is now a significant business worldwide where the demand for hydrogen has grown more
than threefold since 1975 and continues to rise [1]. In 2019, the demand for pure hydrogen
was 70 million tons (Mt). According to the recent study by Hydrogen Council, 18% of the
global energy demand (equal to 78 EJ) can be supplied by hydrogen in 2050 [2]. Hydrogen
is a critical chain between hydrogen consuming industries such as ammonia and ethanol
production plants and some crucial sectors such as electricity grid, gas grid, transportation,
residential, agriculture and energy storage as shown in Figure 1.1[3]. Hydrogen can be
efficiently converted into electricity [4], [5].

Fig. 1.1: Green hydrogen production, conversion and end uses across the energy system
[6]

Hydrogen can be produced from renewable materials such as biomass and water. A significant
portion is supplied from fossil fuels, with 6% from global natural gas and 2% from global
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coal going to hydrogen production [1]. The only 0.3% of by-product hydrogen or around
5% of total hydrogen produced is coming from renewable sources [1], [6]. This has resulted
in CO2 emissions of around 830 million tonnes from the production of hydrogen. This is
equivalent to the CO2 emissions of the United Kingdom and Indonesia combined [1]. In
energy terms, the total annual hydrogen demand worldwide is around 330 million tonnes of
oil equivalent (Mtoe), more significant than Germany’s primary energy supply. According
to the energy technology prospective report of IEA in 2015, to limit the increase of global
temperature within 2 K, CO2 emissions related to energy and industrial processes should be
decreased by approximately 60% [1].

Fig. 1.2: Different shades of hydrogen based on their source or method of produc-
tion[6]

Some solutions for reducing environmental impacts are carbon capture and storage (CCS),
chemical looping carbon capture [7], [8]. As hydrogen produced via different routes have
different CO2 emissions, referring to the method with a colour code is now a nomenclature
as shown in Figure 1.2. Although carbon capture can save environmental cost, it cannot
be a long-term solution for sustainable development in energy. One of the alternatives
for carbon-free sources is hydrogen production from renewable energy sources and can
be considered one of the sustainable solutions to climate change. Some key strategies
recommended by IEA for scaling up of hydrogen economy is that adequate solutions are
required to overcome investment risks of the new customers, and further development and
commercialisation studies are required for better cost-effectiveness.

1.2 Waste heat from industries as energy source

In general, ’industrial waste heat’ can be regarded as the energy generated in industrial
processes but not put into any practical use. This energy is lost, wasted or dumped into the
environment. Waste heat from industries on a global scale amounts for more than 40% of
the total energy use [9]. The industrial waste heat potential in the EU has been estimated to
be 304 TWh per year [10]. Utilising this waste heat provides economic and environmental
benefits as in 2013, it was estimated about 370 million USD for reducing carbon dioxide
equivalent emissions from waste heat from industries in the UK [11]. The EU addressed
this issue with a policy that recommends reducing greenhouse gases (GHG) emissions by
40% and improving energy efficiency by 27% in the transportation and industrial sectors by
2030. Also, hydrogen in the transportation sector was identified as an alternative solution
that caters to energy efficiency and CO2 emissions.

4 Chapter 1 Introduction



The quality of waste heat depends on its temperature, and the selection of suitable waste
heat recovery technology depends on the quality or grade of waste heat. The high-grade
waste heat of temperature above 373 K has been reused within the processes and across
industries. The most waste heat of less than 373 K is still discarded into the atmosphere [12],
[13]. A part of the waste heat cannot be tapped due to the second law of thermodynamics;
the recovery yield of extractable waste heat depends primarily on the system design and
operation. A considerable amount of low-grade waste heat (temperatures between 373 K
and 323 K) is available worldwide, for example, 833 TWh yr−1 in the USA [14]. However,
this heat cannot be reintegrated entirely on-site or be used for district heating. Some of the
few technologies that operate below 373 K to utilise this energy are Organic Rankine Cycle
(ORC) and thermoelectric generators. ORC has an intrinsic limitation of efficiency where the
efficient operating temperature range for the power plants using this cycle is above 373 K
[15]. Further, disadvantages of using ORC is environmentally harmful refrigerants (in some
cases) and limitations of downsizing [15]. While the thermo-electrochemical cell has no
moving part, they suffer from low thermal efficiency or low power production [16], [17].
From the second law of thermodynamics, any energy converter that operates between two
temperatures cannot exceed Carnot efficiency ηc given as,

ηc = 1 − Tc
Th

Tc, Th are sink and source at low temperature and high temperature. This means that
maximum energy conversion efficiency cannot exceed 7% for a heat engine operating
between 293 and 313 K.

1.3 Aim of the study

To date, none of the thermoelectric conversion technologies utilising low-grade waste
heat has demonstrated conversion of heat to hydrogen at temperatures below 373 K with
efficiencies and costs adhering to industrial standards. We propose an energy-efficient
ammonium bicarbonate reverse electrodialysis (AmB RED) system that utilises the low-
grade waste heat (333 K - 413 K) to produce hydrogen. Reverse electrodialysis (RED)
stack is an electrochemical device that converts chemical energy into electrical energy or
chemical energy in the form of H2 gas using a concentration gradient across an ion-selective
membrane. RED is one of the few renewable technologies which is capable of directly
producing hydrogen from waste heat. This study aims to perform a feasibility study of a
thermally driven ammonium bicarbonate based reverse electrodialysis system for hydrogen
production. This study is divided into four parts based on the following research questions,

1. Assuming that the technology is ready for commercialisation, what are the critical
economic parameters that limit the diffusion of the thermally driven AmB RED hydro-
gen producing system and what are specific values of the economic driver that will
make this technology market competitive and minimum cost of per Kg of hydrogen
produced one can achieve?

1.3 Aim of the study 5



2. What factors influence the technical feasibility of hydrogen production from the
thermally driven AmB RED system, and how these parameters affect the cost of
hydrogen produced?

3. It was found from the previous studies that membranes play a crucial role in the
techno-economic feasibility of the system. However, there is a little investigation
done in studying the influence of operating conditions such as concentration and
temperature on the membrane resistance for ammonium bicarbonate solution. How do
the concentration and temperature affect the membrane conductivity of 10 commercial
ion-exchange membranes, affecting the hydrogen production rate and the cost of
producing hydrogen?

4. In the literature, there are very few studies on membrane permselectivity measurement
for ammonium bicarbonate salt. However, these measurements suffer from junction
potential and require tedious corrections and may not necessarily be exact. Can a
method be developed to measure the permselectivity of IEM soaked in ammonium
bicarbonate solution? What experimental factors influences this measurement? Can a
theoretical model be developed to estimate permselectivity?

6 Chapter 1 Introduction



2Background

This chapter outlines the theoretical information on reverse electrodialysis (RED), its compo-
nents such as salt solution, ion exchange membranes, thermodynamics of salinity gradient-
based processes, salt solutions and membrane transport processes. Further, it summarises
relevant research in ammonium bicarbonate based reverse electrodialysis (AmB RED) sys-
tems, hydrogen-producing RED systems, and thermally driven RED systems. This is followed
by gaps in the present literature that has led to this research.

2.1 Reverse electrodialysis (RED)

Salinity gradient-based energy system (SGE), also known as ’Blue Energy’, is generated
by converting the chemical potential difference between two salt solutions with different
concentrations into electrical, chemical or mechanical energy [18], [19]. Reverse electrodial-
ysis (RED) is one such technology. RED is a membrane-based technology that can directly
convert chemical potential into electricity or gas evolution by controlling the mixing of two
different salinity solutions with ion-exchange membranes (IEM). A RED stack, as shown in
the figure 2.1 consists of two electrodes together with alternately stacked anion exchange
membrane (AEM) and cation exchange membrane (CEM) separated by spacers. These
spacers are sealed with gaskets to avoid leakage. When high concentration solution (HC)
and low concentration solution (LC) are fed into the stack, cations in the HC will migrate
through the CEMs while anions migrate through the AEMs into LC due to the concentration
gradient. This creates a flux of ions in either direction. This ionic flux is converted into either
an electronic flux or gas evolution at the electrodes in the electrode rinse compartment via
redox reactions. Thus generating electric current supplying an external load or producing
gas.

RED is a sustainable energy source with no toxic gas emissions when in operation, and river
and seawater are feed solutions (chlorine gas evolution may take place). It has unlimited
access to fuel supply in the vicinity of the sites where sea and river water meet. The potential
power released by mixing seawater and river water, which has an estimated maximum global
potential of 2 TW [19]. Although the gross global potential energy from such resource is
estimated to be more than 27 PWh yr−1, the extractable part of which is approximately 2
PWh yr−1 [20]. This is more than 10% of the total global potential of renewable energy
resources [20]. Also, considering that the energy requirement of electrolysers between
53-70 kWh kg−1, efficient utilisation of the available SGE would produce up to 38 Mt
yr−1 of hydrogen [21]. These estimates depend on factors, such as salinity levels, flow
rate, temperature, efficiency, fouling behaviour, ecological and legal constraints [20]. The
accessibility to these natural resources limits its locational options. There is only one pilot-
scale installation - 50 kW at Afsluitdijk in the northern province of the Netherlands, to the
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Fig. 2.1: Schematic is showing the working principle of reverse electrodialysis (RED).
The J(ion) are the ionic fluxes that are converted into electric current (j)
by redox couple and electrodes (denoted by ’+’ or ’-’ signs) at the end. At
one end, reduction and at the other oxidation occurs, thus maintaining the
electroneutrality. The electrical circuit is completed by connecting electrodes
to an external load.

best of our knowledge. One of the barriers to commercialising RED systems is the high
maintenance cost of the IEMs, which need to be replaced with new ones or recovered
when affected by different types of fouling. These disadvantages can be overcome by using
an artificial saline solution that ensures the availability of large amounts of Gibbs free
energy of mixing, low energy consumption in the regeneration unit to restore the original
concentration levels of feed solutions, and utilising waste heat at low temperature. The
different salinity solutions provide a driving force by separating the increased solute from
the diluted side and reintroducing it in the concentrated side without any fresh solution
supply. The closed-loop system mitigates the geographical limitations since there is no
need for a continuous supply of fresh seawater and river water, thus preventing the danger
of membrane fouling and saving pre-treatment costs. Novel SGE applications based on
closed-loop systems using excess waste heat could also enable the utilisation of 304 TWh
yr−1 [10]. In contrast to intermittent wind and solar energy sources, SGE can be exploited
continuously 24 h per day and 365 days a year. Recently it was demonstrated that reverse
electrodialysis could be used to harness as the voltage source needed to enable hydrogen
gas production [22]. In a RED system, with seawater and river water as feed solutions that
are pumped between the membranes in a stack that can contain ∼ 20 or more membrane
pairs can generate a potential ∼ 0.1 to 0.2 V per membrane pair that is sufficient to split
water [22]–[24].

2.1.1 Thermodynamic potential of salinity gradients

The Gibbs free energy is defined as,

G =
∑

i

µini (2.1)
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where n is the number of moles of each component, expressed in terms of molar concentration
c (mol m−3) and total volume V [m3] as,

ni = ciV (2.2)

The Gibbs energy of mixing (∆Gmix) is released when two solutions of different salinity are
mixed. For the i-th component in a solution, the chemical potential µi [J mol−1], i.e. its
partial molar Gibbs energy, is defined as

µi = µoi + vi∆p+ |zi|F∆ϕ+RT lnγixi (2.3)

where v is the partial molar volume [m3mol−1], ∆ p the pressure difference [Pa], z the va-
lence [equiv.mol−1], F the Faraday constant [96,485 C equiv.−1], ∆ϕ the electrical potential
difference [V], R the gas constant [8.314 J mol−1K−1], T the absolute temperature [K], γ
the activity coefficient and x is the mole fraction. In a system with constant pressure and in
the absence of an electrical field, equation 2.3 simplifies to:

µi = µoi +RT lnγixi (2.4)

Therefore, ∆GSGE is calculated from the difference between the Gibbs free energy of the
mixed solution (Gmix and the Gibbs free energy of the initial solutions (Gc and Gd) with
subscripts ’c’, ’d’ and ’mix’ referring to the concentrate solution, dilute solution, and to the
mixed salt at the outlet,

∆GSGE = Gmix − (Gc +Gd) (2.5)

∆GSGE = RT
∑

i

{
[ciln(γici)]mix −

[(1 − f

f

)
ciln(γici)

]
c

−
[( 1

f

)
ciln(γici)

]
d

}
(2.6)

where f is the volume fraction of dilute feed solution to the total feed solution.

2.1.2 Thermodynamics of electrolytic solutions

The chemical compounds that are dissociated into ions in solid, liquid or dissolved form are
called electrolytes. An electrolyte, when in contact with a polar solvent such as water, a
solvation process occurs. The solvent molecules, dipoles, interact with the ions, orienting
themselves in the direction of the electric field and reducing the electrostatic force of the
electrolyte lattice. The solvation process causes the electrolyte to separate into cations, and
anions uniformly disperse in the solvent. With the increase in solute concentration, these
ion-ion and ion-solvent interactions influence the behaviour of the solvent and solute in
an electrolyte solution resulting in a deviation from the ideal case. The means of activity
coefficients for ions and solvent accounts for these deviations thermodynamically. The
chemical potential of individual ionic species,µi, is given by,

µi = µoi +RT ln ai (2.7)

where µoi is the chemical potential of the ith ion in the standard state, [J mol−1], ai is
the activity of the ith ion in the solution, T is the absolute temperature, [K], and R is the
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universal gas constant, [J mol−1K−1]. Thus, the chemical potential for a generic electrolyte
(MX) is given by:

µMX = µoMX + ν RT ln(m±γ±) (2.8)

It is not strictly possible to measure individual ion activity coefficients with exact thermody-
namic measurements. Moreover, the assumptions for individual ion activity are debatable.
Hence, we use the mean ion activity γ± = (γ+ ·γ−)

1
ν± , where mean stoichiometric coefficient

ν± is sum of individual ion stoichiometric coefficient ν+ and ν−. The µoMX is a combination
of the chemical potentials of the two ions in the standard state, [J mol−1], ν is the number
of ions generated by the complete dissociation of the salt, m±, [mol kg−1] and γ± are
the geometric averages of molality and activity coefficient of the two ions in the case of
monovalent salts. The reference state for the solute is that of infinite dilution in the solvent,
i.e. γ± →1 as m± →0. For a solvent, the chemical potential is defined as,

µs = µos +RT ln (as) (2.9)

in which as is the solvent activity and µos is the solvent chemical potential in the standard
state, [J mol−1]. For the solvent, the normal reference state is used, i.e. that of the pure
liquid at the same temperature and pressure of the mixture. Assuming the pressure effects
are negligible and therefore neglecting Poynting correction factors. The solvent activity
in electrolyte solutions is given by the ratio of the solution fugacity (fs) [bar] and pure
water fugacity (fos ) [bar] at the saturation temperature. This relation links the measurable
properties such as vapour pressure to the activity of the solvent and the osmotic coefficient
Φ, which in turn characterises the deviation of a solvent from ideal behaviour. The following
expression gives the relation between the osmotic coefficient and the activity coefficient,

Φ = −1000 ln as
mws

∑
i νimi

(2.10)

where mws is the molar mass of the solvent [g mol−1], mi is the electrolyte molality in the
solution [mol kg−1], νi is the number of each ith ions generated by the complete dissociation
of the salt. The osmotic coefficient and the activity coefficient are related to the Gibbs-Duhem
equation. The relationship is given in the following expression:

−lnγ± =
∫ m

m=0
(1− Φ)d lnm (2.11)

While there are various models estimating activity coefficients for various salts, there is
limited research on estimating activity coefficients of ammonium bicarbonate at various
concentrations and temperatures. The Pitzer’s model was used to fit the measured values of
ion-interaction parameters or virial coefficients for ammonium bicarbonate solution. Hence,
we discuss the Pitzer’s model. The Pitzer’s model estimates the activity coefficients for
solute and solvent. The model includes the long-range interactions between the charges
described by the Debye-Huckel term, while the short-range interactions are modelled using
an empirical virial expansion. The osmotic and salt activity coefficients can be calculated
from Equation 2.13, 2.12, as they are consistent with the Gibbs-Duhem relationship.

ln (γ) = − |zMzM | fγ + 2mvMvX
v

BγMX + 3m2 (vMvX)3/2

v
CγMX (2.12)
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Φ = 1− |zMzM |AΦ

(
I0.5

1 + bI0.5

)
+ 2mvMvX

v
BγMX + 2m2 (vMvX)3/2

v
CγMX (2.13)

Where m0=1 mol kg−1 is the standard molality, b=1.2 kg1/2mol−1/2 is a constant for all
solutes; α is a numerical constant equal to 2 for monovalent ions [25]–[27]; I is the ionic
strength; AΦ, is the Debye-Huckel parameter for the osmotic coefficient; zM and zX are the
charges of cation and anion; β0

MX and CγMX are the ion-interaction parameters or virial
coefficients. Ion-interaction parameters or virial coefficients are related to the short-range
interaction between the ions, thus being particularly important when the salt concentration
is high. The virial coefficients are a function of the electrolyte type, the temperature and
the pressure. The correlations to evaluate the interaction parameters were found in the
literature for a temperature 298K, and pressure of 1 atm [25]–[27].

fγ = −0.392
(

I0.5

1 + bI0.5 + 2
b

ln
(
1 + bI0.5)

)
(2.14)

BγMX = 2β0
MX + 2β0

MX

α2I

(
1− e−αI0.5

(
1 + αI0.5 − α2I

2

))
(2.15)

The virial coefficients for ammonium bicarbonate, NH4HCO3, solutions at 298 K are CγMX =
3
2C

Φ
MX , α = 2, b = 1.2 , β0 = −0.038, β1 = 0.07

Fig. 2.2: The graph depicts activity coefficient and membrane potential as a function
of concentration. The dilute solution concentration was kept constant at 0.1
M and concentrate solution concentration was varied from 0.1 M to 2 M
(maximum in practice).

The properties of electrolyte solutions strongly influence the performance of all electrochem-
ical processes. Hence, the selection of salt for a RED application is crucial. According to
Tamburini et al. and Micari et al., a suitable salt for thermally drive RED applications should
have [15], [28]:
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1. High solubility in water. Solubility in water defines a clear physical threshold to the
maximum concentration exploitable for salinity gradient, thus increasing the driving
force for the RED process.

2. High equivalent conductivity of the aqueous solution. The equivalent conductivity has
a strong impact on stack resistance, most likely the highest contribution to the overall
internal resistance [23].

3. Large activity coefficients ratio. The generated electromotive force within the RED
unit is strongly dependent on the ratio between high concentrate and low concentrate
solution activities, as shown in Figure 2.2. Some salts can present a very beneficial
behaviour in terms of activity vs concentration, which tends to enhance the activity
ratio and, thus, the electrochemical potential.

4. Low Boiling Point Elevation (BPE) and low enthalpy of vaporisation1. The BPE affects
the temperature of the heat source required for decomposition and can limit the
number of stages of a multi-stage evaporative process. The enthalpy of vaporisation
influences the heat consumption of the evaporative unit.

2.1.3 Regeneration or separation system

Due to the concentration gradient across an IEM, salt is transferred from the concentrated
to the dilute solution in the RED stack. In addition, the concentration gradient causes the
solvent transport from the dilute to the concentrated solution due to osmotic pressure across
the ionic exchange membrane. These processes cause different salt concentration of the
solutions exiting the RED stack than the feed solutions. The regeneration or separation stage
restores the exiting solutions to the initial concentrations. This can be achieved by extracting
either the solvent or the solute from the exiting solutions. There are two different ways to
restore the concentrations, as outlined in the process flow diagrams in Fig 2.3. In the solvent
extraction process, the amount of salt transferred in the RED stack from the concentrated to
the dilute solution is re-balanced by adding stream 1 to 2 followed by the necessary solvent
excess extraction. The two exiting streams are the solute-rich stream, 5 and a solute-free
stream, 4. Stream 6 reduces the input flow rate to the regeneration stage, resulting in a
decrease in heating requirement.

In the salt extraction process, the amount of salt transferred in the RED stack from the
concentrate solution to the diluted one is extracted from the dilute stream 2 in the regen-
eration unit. The output streams 4 and 5 are solvent rich and solute rich streams. One of
such methods uses thermolytic salts, for example, ammonium bicarbonate, decompose into
the gaseous compounds NH3 and CO2 by increasing the temperature of the solution at and
above 333 K. These gases are subsequently reabsorbed in the concentrate solution, thus
restoring it to the initial concentration as shown in the Fig 2.4. Such thermolytic solutions
have the potential to utilise a low-grade heat source in the temperature range of 323–333 K.
Ammonium bicarbonate (NH4HCO3) salt is one of the promising thermolytic salt solutions.

1For closed-loop thermally driven regeneration system

12 Chapter 2 Background



Fig. 2.3: Schematic of reverse electrodialysis (RED) with solvent extraction regenera-
tion process(left) and solute extraction regeneration process (right) [29]

The low decomposition temperature of around 333 K at 1 atm, high solubility in water, and
relatively low molecular weight make it a suitable choice for the thermolytic salt needed in
this process.

Fig. 2.4: Schematic of reverse electrodialysis (RED) system for ammonium bicarbonate
salt with solute extraction regeneration system for H2 production

Various salts solutions have temperature-dependent behaviour. Such salts solutions can be
used in a thermal separation or regeneration process. It also provides an opportunity to
utilise low-grade waste heat. In such salts, the properties such as solubility, osmotic pressure,
decomposition temperature and heat are influenced by operating temperature. Thermolytic
salts are chemical compounds that decompose into gaseous species when heated beyond
a specific limit. The separation of such gases from the aqueous phase is expected to be
easy [30], [31]. Some examples of thermolytic salts are ammonium sulphite, ammonium
bicarbonate etc.
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Ammonium bicarbonate was chosen because the solubility of the ammonium salts is high, the
species have relatively low molecular weights, the solutes are almost completely removable
(less than one ppm in case of ammonium bicarbonate solution), the thermal energy required
for the separation and recycling of these solutes from a quantity of water is significantly
less than the energy required to vaporise the water itself [32]. RED with feed solution as
ammonium bicarbonate of concentration 1 M and 0.01 M can theoretically produce energy
equivalent to 370 m of hydraulic head, much greater than that of the typical ocean and river
water, 270 m [33]. The ammonium bicarbonate-water binary system is a particular case of
the three-component complex reactive system CO2-NH3-H2O. The reactions mentioned below
are as follows carbamate formation from bicarbonate, dissociation of ammonia in water,
dissociation of the bicarbonate ions, dissociation of carbon dioxide in water, dissociation of
water and dissociation of ammonium bicarbonate [34], [35].

NH3 + HCO−
3 ⇀↽ NH2COO− + H2O (2.16a)

NH3 + H2O ⇀↽ NH+
4 + OH− (2.16b)

HCO−
3 ⇀↽ CO2−

3 + H+ (2.16c)

CO2 + H2O ⇀↽ HCO−
3 + H+ (2.16d)

H2O ⇀↽ H+ + OH− (2.16e)

NH4HCO3 ⇀↽ NH+
4 +HCO−

3 (2.16f)

It was indicated in the studies of all the species ammonium bicarbonate was the main
component [34]–[37].

2.2 Ion exchange membrane (IEM)

The ion exchange membrane is a dense polymer having ionic groups. IEMs are primarily
made of three components, the polymer matrix (backbone), the functional groups attached
to the matrix (fixed charged group), and the mobile ions absorbed on the functional
groups (exchangeable charges). IEMs conducts ions, meaning ions can transfer through the
membrane together with water molecules. As the fixed charged groups are hydrated, these
membranes are hydrophilic. The charged groups of the membrane act as a fixed carrier
for various ionic materials. The fundamental principle of IEM based separation processes
is the coupling of the transport of electrical charges with a mass transport, i.e. cations or
anions are transported through a permselective membrane due to an externally applied or
internally generated electrical potential gradient. There are many driving forces to transport
ions and solvents through a membrane; this will be discussed in the following section.

There are two types of ion-exchange membranes; cation-exchange membranes (CEMs) have
negatively charged groups such as -SO−

3 , -COO−, -PO2−
3 , -PO3H−, -C6H4O−, etc., fixed to

the polymer matrix. Anion-exchange membranes (AEMs) have positively charged groups
such as -NH+

3 , -NRH2+, -NR2 H+, -NR+
3 , -PR+

3 , -SR+
2 , etc., fixed to the polymer matrix. A

CEM and an AEM permit transport of cations and anions, respectively, due to the oppositely
charged functional group. In an IEM, the fixed charges are in an electrical equilibrium with
the mobile ions in the interstices of the polymer. Figure 2.5 shows a schematic representation
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Fig. 2.5: Schematic of ion exchange membrane (IEM) polymer structure sandwiched
between two electrodes.

of the polymer matrix of a CEM with fixed anions and mobile cations, also known as counter
ions and the mobile anions are referred to as co ions. The co ions are excluded from the
polymer matrix because their electrical charge is identical to that of the fixed ions; this
phenomenon is called Donnan exclusion [38]. However, the extent of the co ions exclusion
from an IEM depends on the membrane as well as on solution properties [39]. Therefore
the selectivity of an IEM comes from the exclusion of co ions from the membrane phase.
The properties of an IEM is determined by different parameters such as the density of the
polymer network, the hydrophobic or hydrophilic character of the matrix polymer and the
type and concentration of the charges in the polymer, and the morphology of the membrane
itself [40].

2.2.1 Thermodynamics of transport processes

The three independent fluxes describe the mass transport in an electrolyte solution or in an
ion-exchange membrane must be considered, that is, the fluxes of cations, the flux of anions,
and the flux of the solvent. The driving forces acting in electrolyte solutions are gradients in
the chemical, electrical, or electrochemical potential. In ion-exchange membrane separation
processes, the ions of an electrolyte solution are transported due to an externally applied or
by activity gradients induced electrical potential through a membrane from one electrolyte
solution into another or to the surface of an electrode. For a system containing charged
components the partial molar Gibbs free energy is given by the electrochemical potential,

dµ̃i = µi + ziFdφ = Vidp+RTd ln ai + ziFdφ (2.17)
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where µ̃i is the electrochemical potential and zi is the charge number of the ion i, φ is the
electrical potential and F is Faraday’s constant.

Membrane potentials result from Donnan potentials arising from the discontinuity in the ion
concentration at each membrane interface and diffusion potentials arising from the dissimilar
mobility of anions and cations inside the membrane phase. The membrane potential for any
given membrane is expressed by,

φm = φcDon + φdif − φdDon (2.18)

Donnan potential is the potential difference between the membrane and the solution as a
function of the activity of an ion i and the pressure in the solution and the membrane,

φDon = φm − φs = 1
ziF

(RT ln asi
ami

+ Vi∆π) (2.19)

The diffusion potential is the change in free energy which is equal to the difference in
chemical potential, µi, in the permeation of i having charge zi through the membrane with
transport number, ti,

φdif = −RT
F

∑

i

ti,c + ti,d
2zi

ln
āi,c
āi,d

(2.20)

The determination of the transport rate of different components in the membrane phase
and the adjacent feed solutions results in performance evaluation of IEM based separation
processes. The mobility and concentration of a component in a given environment and the
driving force/s acting on the component govern the transport rate of the component. The
Nernst Planck flux equation explains the transport phenomena in ion-exchange membranes
and solution systems. When an ion i diffuses through the ion exchange membrane in a
direction perpendicular to the membrane surface, the flux, J , is expressed by a product of
the gradient of the chemical potential, −(dµi/dx),

Ji,d = D

RT
Ci

(−dµi
dx

)
= DiCi

d ln ai
dx

(2.21)

where Di is the diffusion coefficient of i, R the universal gas constant, T the absolute
temperature, ai activity of i. ai = miγi, mi, is the molal concentration of i; γi, activity
coefficient of i. In addition, there exists a flux Ji,e due to gradient in electrical potential
dφ/dx. Thus, the Nernst planck equation for total flux of ion i is given as,

Ji = Ji,d + Ji,e = −Di

(
dmi

dx
+ zimi

F

RT

dφ

dx
+mi

d ln γi
dx

)
(2.22)

A feed solution is an electrolytic solution where long-range electrostatic forces govern the
interaction between components to a large extent with inherent macroscopic scale elec-
troneutrality. The ionic fluxes in the solution dissolving two kinds of ions both ions influence
each other irrespective of their charges. These ionic fluxes affect solvent fluxes. These
phenomena mean that the fluxes and driving forces are dependent, and they are coupled
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together. The Nernst–Planck equation does not concern with these coupled effects. All
membrane processes are non-equilibrium processes, and the transport equation describing a
particular membrane process must satisfy the principles of non-equilibrium thermodynamics.
For the first principle, the rate of lost work Tσ should be a scalar product of all fluxes Ji and
forces Xi,

Tσ =
∑

JiXi (2.23)

where σ is the rate of entropy production per unit area. According to the second principle, if
the system is close to equilibrium, linear relations between the thermodynamic forces and
resulting fluxes exists,

Ji =
∑

LijXj (2.24)

The final principle postulates the Onsager reciprocal relationship,

Lij = Lji (2.25)

In an actual IEM based system, as shown in Figure 2.1, the electrolytic solutions are separated
by an IEM. Assuming the following conditions,

1. The IEM forms a continuous boundary interface between the cell compartments.

2. There is no mass transfer between the closed system and the surroundings.

3. There is no consumption or production of material caused by a chemical reaction.

4. The system is isothermal.

The irreversible thermodynamics exhibit only approximated meaning where equilibrium
states. General equations dissipation function

Tσ =
∑

i

Jiµ̄i = I∆φ+ J∆P +
∑

i

Jiµi (2.26)

where j, J and Ji are electric current, volume flow of a solution and a mass flux of
component i, respectively. Coupling means that transport of mass will take place in a system
when the gradient in the chemical potential, temperature or electric potential exists. The
phenomenological equations in the ion exchange membrane system are,

j =
∑

i

Lik∆µi + LEP∆P + LE∆φ (2.27a)

J =
∑

i

LPi∆µi + LP∆P + LEP∆φ (2.27b)

Ji =
∑

i

Lik∆µi + LiP∆P + LiE∆φ (2.27c)
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Phenomenological equation is

Ji =
∑

i

(Lik∆µk + νLik∆P + zkLik∆φ) (2.28)

where zk and νk are an electric charge number and partial volume of component k. The
membrane phenomena are expressed as follows based on the phenomenological equation,

1. Electric conductivity- when system is in mechanical equilibrium and there is no
chemical potential developed we measure electrical conductivity. Substituting ∆P=0
and ∆µ=0 in equations 2.27, 2.28,

LE =
(

j

∆P

)

∆P=0,∆µ=0
= 1
E

∑
ziJi =

∑

i

∑

k

Likzizk (2.29)

2. Electric transport number of component i- when system is in mechanical equilib-
rium and there is no chemical potential developed we measure transport number.
Substituting ∆P=0 and ∆µ = 0 in equations 2.27, 2.28,

ti =
(

ziJi∑
ziJi

)

∆P=0,∆µ=0
(2.30)

One of the limitations or advantage of the framework of non-equilibrium thermodynamics
for ion and water transport across an IEM is that the information on the membrane structure
and transport mechanism is not used.

2.3 Liquid junction potential (LJP)

Liquid junction potential or diffusion potential is the potential differences formed in the
contact zone of two different adjoining electrolytic solutions. The formation of such potential
differences between different electrolytes is caused by differences in ionic mobilities, concen-
tration and activities of dissolved ions. The LJP is related to Galvani potential. In practice,
in place of model LJP calculations and corresponding emf corrections, the experimental
elimination of the diffusion potential is conventionally applied. This can be achieved by
introducing the so-called ’salt bridges’ filled with concentrated solutions of salts, which satisfy
the condition t+/z+ = t−/z−. A salt bridge is a device containing an electrolyte solution and
placed between two electrodes or electrode compartments so that the electrolyte solution
serves as the ionic conductor between the two electrodes. For a symmetric electrolyte,
this means that anions and cations have very close diffusion coefficients, and the transport
numbers of both ions are ∼ 0.5. Some of the salt bridge requirements,

1. The electrolytic contact between the electrodes must be maintained.
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2. The ohmic resistance R of the electrolyte bridge/s must be small enough so that the
voltage drop iR is minimal or negligible.

3. The diffusion potentials at the boundary of different electrolytes must be as small as
possible, and they must be as time-invariant.

4. The electrolyte of the reference electrode should not be contaminated by the electrolyte
of the working electrode and vice versa.

These requirements are challenging to be achieved. One of the reasons for the discrepancy
is to maintain a constant potential of the reference electrode. A high-input impedance
measuring instruments are used so that the current flowing through the salt bridge is
practically negligible. Also, concentrated solutions of potassium chloride offer the great
advantage that the diffusion potentials are tiny because the effects of potassium cations and
chloride anions almost cancel each other. Moreover, it is essential to arrange the hydrostatic
pressure on both sides so that no pressure gradient will drive the liquids from one to the other
side. The leakage of salt solutions from bridges to reference electrodes can be decreased
by increased viscosity of the salt solutions with gelling agents. Gelling also contributes
to decreased diffusion coefficients of the salt ions and thus to diminished liquid junction
potentials [41]. The decreased ion mobility in gels results from geometric obstructions, and
in the case of poly-electrolyte gels, also from electrostatic obstruction [41]. Agar is a mixture
of agarose and agaropectin. Typically the salt solution contains 2–5 % (w/v) agar. Agar gels
have a concentration-dependent pore structure (in the order of 100 nm pore size). The gel
is prepared by gently heating the agar with the salt solution, and the liquid is allowed to
cool down in the appropriate tubes. Solidification occurs between 313 K and 305 K. Agar
gel is widely used in lab-made diaphragms, but they dry out, and microbes like to settle and
grow on the gel.

2.4 Levelised cost of energy (LCoE)

One of the main criteria for selecting a particular technology over various available alternate
technologies is economic competitiveness. The calculation of the unit cost of energy can
provide a useful comparative measure between projects and technologies. The LCoE (cost
per kWh) metric estimates the unit cost of energy over the lifetime of a project. This
includes investment, operating and financing costs. LCoE metric is the ratio of the sum of
the lifetime costs of the energy system under consideration to the lifetime energy production,
in cost per unit energy. Conventionally, LCoE includes the plant-level costs and does not
take into account effects at the system level, i.e. additional investments in transmission
and distribution grids or additional reconfigurations of the electricity systems [42]–[44].
The LCoE formula defined by Business, Energy and Industrial Strategy, UK Government
department is,

LCoE =
n∑

t=1

Ct +Ot + Vt
(1 + d)t /

n∑

t=1

Et
(1 + d)t (2.31)

where t is the plant lifetime, the period ranging from year 1 to year n, n the final year of
operation, Ct the capital costs including cost associated with decommissioning in period t,
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Tab. 2.1: Comparison of levelised cost of hydrogen for various conventional (SMR,
CG) and non conventional technologies (Electrolysis). Here SMR is steam
methane reforming; CCS is carbon capture and storage; CG is coal gasifica-
tion.

Production method LCH, C/kgH2 Ref

SMR
1.52 - 2.53
1.01 - 1.52
0.90 - 1.80

[47]
[48]
[1]

SMR with CCS
1.45 - 1.77
1.34 - 2.67

[49]
[1]

CG with CCS
1.64 - 2.01
2.00

[49]
[1]

Electrolysis
3.06 - 3.74
5.00 - 5.50

[49]
[48]

Renewable electrolysis 2.23 - 5.34 [1]

Ot the fixed operating cost in period t, Vt the variable operating cost which includes fuel cost,
carbon costs, and sometimes taxes, etc. in period t, Et the electricity generated in period
t, d is the discount rate. The main disadvantage of the LCoE method is it gives a future
estimation that may lead to uncertain results. Despite its flaws the LCoE method provides a
holistic universal method to evaluate and compare different investment opportunities[43],
[45], [46]. Levelised Cost of Hydrogen (LCH, price per Kg of H2) method is based on LCoE
method. It is a break-even metric that calculates the ratio of lifetime cost to lifetime hydrogen
production of a facility. The LCH may also include the levelised hydrogen production costs
by component and the levelised cost of hydrogen compression, storage, and dispensing.

LCH = Ccap,a + Cf om,a + Cv om,a
EH2,a

(2.32)

where Cinv is the investment cost, The operational and maintenance (O and M) costs were
divided between fixed Cf om,a and variable expenses Cv om,a. The fixed expenses include
equipment maintenance cost, service contract cost, the annualised replacement cost. The
variable costs include the annual electricity cost and the annual water cost. EH2,a amount
of produced hydrogen (kg H2). Various technologies produce hydrogen at a commercial
scale. Most of the hydrogen production is from fossil fuel sources by steam methane
reforming and coal gasification. Electrolysis is an alternate method to produce hydrogen. It
is driven by electricity either produced from conventional power plants or renewable sources
such as solar or wind. Table 2.1 gives a brief overview of current hydrogen-producing
technologies. It shows that hydrogen produced from steam methane reforming (SMR) is the
most cost-efficient.
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2.5 Literature review

Neff was the first to develop ammonium bicarbonate solution as thermally regenerated
drawing agent to remove water from a salt-water stream. He described it as ’Solvent
extractor’ in his patent[50]. McCutheon et.al. developed a forward osmosis process that uses
ammonium bicarbonate concentrated solution to extract water through a semipermeable
osmotic membrane, where the drawing solution can be regenerated using heat at 333 K
in a distillation/stripping column [51]. McGinnis et. al. did simplified energetic analysis
indicating the requirements for the regeneration step in Aspen Hysys. Here they studied
regeneration schemes single and multi-distillation. At low temperatures the single column
requires lower energy; while at temperatures over 313 K, the use of multiple columns was
found to yield a greater thermal efficiency [31].

Luo et al. performed initial RED experiments using NH4HCO3 with varying operating con-
ditions such as flow rate and feed solution concentration. They showed that the internal
resistance and open circuit potential decrease with an increase in the dilute solution concen-
tration. Further, an increase in flow rate increases the open circuit potential while decreasing
the internal resistance as well [52]. Hatzell et al. demonstrated the influence of spacers
and channel alignment on the internal resistance and the power density. They found that
reorienting the flow through the channels decreased the internal resistance due to decreased
bubble coverage by 13%; reducing channel length increased the limiting current density and
the power density by 23% and 14% respectively, and spacer-less stacks had lower ohmic
resistance than those with spacers but at low flow rates [53]. Zhu et al. compared NaCl and
NH4HCO3 salts and found that at the same concentration ratios the energy recovery and
power density are lower for NH4HCO3 than for NaCl mainly due to the low conductivity (low
ion activity) [54]. Kwon et al. studied parameters such as the concentration difference, the
membrane type, the inlet flow rate, and the compartment thickness. Their results indicate
that the open circuit potential highly depends on the concentration difference across an IEM,
and the maximum power density increases with increasing inlet flow rate and decreasing the
intermembrane distance [55]. Bevacqua et al. performed a parametric study evaluating pa-
rameters such as dilute solution concentration and feed velocity. They observed that for feed
velocities higher than 1 cm s−1 the gross power density reduces to a negative power output
owing to losses due to a more significant pressure drop [56]. Bevacqua et al. developed a
lumped parameter model for the RED unit and an ASPEN Plus model to assess the thermal
duty of the stripping column. They performed sensitivity analysis to study the effect of feed
solution concentrations and velocities. The predicted a maximum power density of about
9 W m−2 of cell pair for the RED unit, and a maximum exergetic efficiency of about 22 %
was found for the heat to electricity process [35]. Kwon et al. developed a theoretical RED
model. They computed the membrane potential using the Planck- Henderson equation based
on conductivity measurements. They studied effect of concentration ratio, permselectivity,
flow rate and intermembrane distance. They found maximum net power density of 0.84
W m−2 for a concentration ratio of 200 (2 M/0.01 M), inter-membrane distance of 1·10−4m,
a feed solution flow rate of 3·10−6m min−1[57].

Hatzell et al. did the first study for hydrogen production using RED. They studied different
cathode reactions (hydrogen evolution reaction (HER) and oxygen reduction reaction
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(ORR)) and catalysts from NH4HCO3 RED. They found that the potential for direct hydrogen
production at limiting current density using a HER cathode gives the highest energy, 1.5
times (most in the form of H2) the energy produced by cathodes with ORR. In contrast, the
ORR cathode produces more electricity. Further, indirect hydrogen production (i.e. coupling
RED and electrolysis) resulted in one-third energy to that of direct hydrogen production
[22]. Nazemi et al. developed a thermodynamic model to evaluate how much electricity and
hydrogen gas can be extracted from the natural mixing of river and seawater. The results
indicate that the maximum current density and hydrogen production is achieved with five cell
pairs, while the maximum electrical power density was reached with 20 cell pairs [24]. Chen
et al. demonstrated the use of acidic catholyte and alkaline anolyte for hydrogen and oxygen
production in a RED stack. They found that the current density (concentration difference)
and the electrode rinse solution’s concentration (hydrogen evolution over-potential) has a
strong influence on hydrogen production [58]. All these studies have been summarized in
the Table 2.2.
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Tab. 2.2: Ammonium Bicarbonate Reverse Electrodialysis systems (AmB RED) and Hydrogen Production from RED

Type Concentration Membrane v Electrolyte-Electrode E P Ref
cc cd Name α Rmem Area δmem δch Np Feed Redox
(M) (M) (Ωm−2) (cm2) (µm ) (µm) (ml min−1) (ml min−1) (V) (W m−2)

Experimental: 1.5 0.003 to 0.15 Selemion CMV and AMV 1 na 10.5 × 7.5 130 500 20 150-1200 5 0.1 M K4Fe(CN)6 and K3Fe(CN)6 (50:50). 3.7 0.33 [52]
Electricity Titanium plates coated with Ru–Ir.

0.6-1.5 0.005 - 0.02 Neosepta CMX and AMX na na 7 x 7 na 200 - 800 1-20 50 0.05 M K4Fe(CN)6 and K3Fe(CN)6. 1 0.62 [55]
Ru-Ir coated titanium electrodes.

Excellion I-100 and I-200 0.3 M NH4HCO3.
Ru-Ir coated titanium electrodes

2 0.01 - 0.1 Fujifilm RP1 80050-04, na na 10 x 10 120 270 10 0.5-2 cm s−1 225 0.1 M K4Fe(CN)6 and K3Fe(CN)6 1.56 2.42 [56]
80045-01 Ru-Ir oxide- coated Ti electrode.
Nafion at electrode 1 M NH4HCO3.

Ru-Ir oxide- coated Ti electrodes.
1.1 0.011 Selemion CMV and AMV na na 2 x 1 na 1100 1 1- 18 mm s−1 Pt mesh 0.155 0.15 [53]
1.5 and 0.6 0.015 and 0.006 PC-SK and SA na na 8 x 8 na 500 10 100 Ti mesh coated with Pt–Ir 0.32 [59]

Hydrogen 1.5 207 250 20 10 to 20 400 100 Ti mesh coated with Pt/Ir. 118 Wh m−3 [22]
Pt/C on carbon cloth- ORR and HER.
Pt/Ir on Ti or MoB/C on carbon cloth for only HER.

1.5 to 5 0.008 to 0.5 CJMC-1 CJMA-1 9 x 21 160 to 200 750 na 75 0.2 to 2 M HCl and 0.5 NaOH 2.91 0.72 ml cm−2h−1 [60]

Theoretical: 0.05 - 2 0.01 CMV/AMV 0.88-0.95 49 100 - 1000 0.1 to 20 0.05 M K4Fe(CN)6, K3Fe(CN)6 . 1.1 0.84 [61]
Electrical 0.3 M NH4HCO3.

0.86-0.96 Ti coated with Ir and Ru
0.5-2.6 0.01-0.1 Fujifilm 0.754 2 ·10−4 (cd)−0.236 50 x 50 270 1000 0.5-5 cm s−1 1.8 7.5 [35]

4 ·10−5 (cd)−0.236

1 to 2.5 0.01 to 2 0.9 0.5 10 x 10 270 10 0.1-3 cm s−1

0.5 to 2 0.01 to 0.1 0.85 and 0.95 6 ·10−4 to 1.5 ·10−4 50 x 50 1000 0.5-2

Hydrogen 0.6 0.0015 1 3 0.635 150 5 to 20 1.72 mol cm−2h−1 [24]
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Tab. 2.3: Summary of techno-economic studies on reverse electrodialysis (RED).

Author Year Capacity Plant life Cmem tmem P LCOE Type
(MW) (yr) (Cm−2) (yr) (Wm−2) (CkWh−1)

Turek [62] 2007 - - 100 2,3 10 0.46 6.79 2 River/Sea
Post [63] 2010 200 40 2 7 2 0.08 River/Sea
Daniilidis [64] 2014 200 25 50 7 2.2 0.72 River/Sea
Weiner [65] 2014 - 20 750 2,3 - 1.2 6.33 2 River/Sea
Bevacqua [35] 2017 100 20 50 20 4.78 0.3 AmB
Hu [66] 2018 - 20 750 - 4.5 8.19
Micari [28] 2018 1 30 1-30 - 0.4 RED-HE
Giacalone [67] 2019 0.001-1000 - 4, 15 10 >1-19 0.27-0.33 River/Sea
Papapetrou [68] 2019 0.5-50 30 1-30 10 0.8 - 33 1.36-3.69 RED-HE
Raka [69] 2019 1500 kgH2 20 3,4,150 4,7,10 0.7-3.7 1.71-153 kg−1

H2
RED-HE-H2

In literature there have been several studies estimating levelised cost of electricity (LCoE)
for RED technology. Table 2.3 summarises these studies indicating diversity in parameters
such as cost of membrane, membrane life, power density and LCoE.

2Currency in $
3Cost includes membranes, gasket, spacers, electrodes and end plate

24 Chapter 2 Background



3Methodology

This chapter illustrates in detail the method to measure membrane potential, junction poten-
tial and membrane resistance. It includes the procedure for membrane equilibration, salt
bridges preparation, electrode preparation, and mathematical estimation of permselectivity
and membrane resistance.
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Tab. 3.1: Overview of the membranes examined in this work. The membrane resistance and permselectivity values extracted from manufacturer´s data
sheet are tested in 0.5 M NaCl at 298 K, and 0.5 M/0.1 M NaCl at 298 K, respectively. Here ’*’ is the data extracted from manufacturers data
sheet.

IEM Type Thickness Fixed charge group Material Counter-ion Permselectivity Resistance IEC SD Ref
(µm) (×10−4Ω m2) (meq g−1) (wt%)

FKE CEM 28-33 -SO−
3 - H+ 0.97-0.99 1.6-2.46 1.35-1.36 12-27 [70]

FKSPET CEM 74-87 -SO−
3 - H+ >0.95 2.5 1-1.25 - *

FAS AEM 27-33 - - Br− 0.89-0.90 1.03-2 1.1-1.85 8-19 [70], [71]
FASPET AEM 72-85 - - Br− >0.90 <3 1-1.5 - *
DSV AEM 95-121 - Cl− 0.90 2.3 1.89 28 [70]
AMV AEM 110-150 -N(CH3)+

3 PS/DVB/CMS Cl− 0.87-0.96 2.8-3.15 1.78-1.9 17-19.8 [70]–[72]
CMV CEM 101-150 - PS/DVB Na+ 0.91-0.99 1.03-1.1 2-2.4 20-30 [70]–[72]
CSO CEM 100 - PS/DVB Na+ 0.92-0.97 2.29-3 1.04 16 [72]
CMF CEM 440 - - H+ > 0.95 2.5 - - *
APS AEM 138-150 -N(CH3)+

3 PS/DVB/CMS SO2−
4 0.88 0.68-0.7 0.29 147 [70], [72]
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Tab. 3.2: Input parameters for thermodynamic model for Ammonium Bicarbonate-
Based Reverse Electrodialysis

Parameter Present Future Unit
Concentrate solution 2.6 2.6 M
Dilute solution 0.05 0.099 M
Permselectivity 0.8 0.95
Membrane life 4 10 Years
Membrane resistance 4.1·10−4 6.9·10−4 Wm−2

Cost of regeneration system 3400 3000 C kwh−1m−3

Cost of waste heat 0.01 0.005 C kwh−1

3.1 Permselectivity

3.1.1 Apparent permselectivity measurement

Membrane equilibration: Membranes were cut in a rectangular shape with varying size.
Each of these membranes was soaked in a bottle with approximately 250 ml of ammonium
bicarbonate solution (Merck, Germany, EMPROVE, 99 - 101%) at a specific concentration
for at least 72 hrs without refreshing the solution. For brevity, we term this concentra-
tion as equilibration concentration (Eq.conc.). The membranes were kept at temperature
295±2 K.

The experimental setup is shown in figure 3.1. The equilibrated membranes were directly
sandwiched between rubber gaskets with diameter 35 ·10−3 m. Therefore, the effective
membrane size was 3.84 ·10−4 m2. The room temperature measurements were performed
in the glass bulbs (each 200 ml) with magnetic stirrers to avoid concentration polarisation
near membranes. The membrane potential Emm was measured with the reference electrodes
when a steady-state was reached. The junction potential from the salt bridge and electrode
bias potential were measured as well. The procedure for the same is explained in the
subsection 3.1.2 below. The reference electrodes used in this study were double junction
B2220 (Ag/AgCl) from SI Analytics, Germany. These electrodes were filled with 4 M KCl
solution for more stable measurements than a single-junction electrode. The potentiostat
used was a Gamry 5000E interface. The two salt bridges were prepared with 4 M KCl and
2-4% agar. The potentiostat was connected to the reference electrodes, which were dipped
in 400 ml beakers filled with 4 M KCl. The potential across these electrodes with the salt
bridge was measured as the membrane potential. The cell diagram of the presented setup is
given below.

Ag | AgCl | KClaq || HC , NH4HCO3,aq | IEM | LC , NH4HCO3,aq || KClaq | AgCl | Ag

The membrane potential was recorded every second for 30 mins. The measurement was
followed by two 10 mins readings and a delay of 1 min between each measurement to
confirm constant potential. The three concentration ratios we tested were 0.5/0.1, 1/0.1
and 2/0.1 mol L−1. For high-temperature analysis at 313 K, a flow cell setup was used with
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Fig. 3.1: Permselectivity measurement setup. The membrane potential is measured
across the two double junction Ag/AgCl reference electrodes filled with 3 M
KCl solution. These electrodes are dipped in 3 M KCl solution. The two agar
salt bridges connects electrodes with the bulk solution in the cylindrical cell.
Two Peristaltic pumps recirculate concentrate (0.5 M / 1 M / 2 M) and dilute
solutions (0.1 M) at 100 ml min−1. The top of the cells are covered with
paraffin film.

magnetic stirrers and continuous recirculation of fresh solution. Four thermocouples were
used to measure the temperature of the salt solution in the storage bottle and the flow
cell compartments. The temperature was measured using a K-type thermocouple. The
measurements were performed after the salt solution temperature in the flow cell reached
313±2 K. A typical temperature gradient of 2 K was observed between the storage bottle
and the flow cell compartments.

3.1.2 Junction potential measurement

The charge separation occurs due to the difference in the mobility of ions when solutions of
different concentrations come in contact resulting in the formation of a transition region.
The potential drop across this transition region is called diffusion potential or liquid junction
potential. According to Kingsbury et al., the liquid junction potential arising from the
difference in the concentration of filling in the electrodes and bulk solution contributes
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Fig. 3.2: Static junction potential measurement setup. The junction potential is mea-
sured across the two double junction Ag/AgCl reference electrodes filled
with 3 M / 3.5 M / saturated KCl solution. These electrodes are dipped in
3 M / 3.5 M /saturated KCl solution. The two agar salt bridges connect elec-
trodes with the bulk solution in the cylindrical cell. The circles highlight
various liquid junctions that give rise to junction potential. These junction
potentials are due to tip potential from the porous glass frit or platinum wire
or agar with KCl and agar with AmB solution

to non-physical values of permselectivity [73]. The measured potential ∆Emm consists of
the membrane potential [V], the reference electrode potential ∆Eref [V] and the junction
potential ∆Ej [V] [73]. While the use of bare Ag/AgCl electrodes would reduce the influence
of junction potential, these bare electrodes are not stable for long term measurements. The
use of salt bridges may lead to a lower contribution from the configuration of the reference
electrodes, but still, it will add a systematic error to the membrane potential measurements.

∆Emm = ∆Emmes −∆Eref −∆Ej (3.1)

here ∆Emm [V] is the membrane potential due to activity difference, ∆Emmes [V] is the
measured membrane potential, ∆Eref [V] is the bias potential between two reference
electrodes due to differences in the filling solution concentration and ∆Ej [V] is the junction
potential between filling solution and the bulk solution in the cell (for cfil [M] 6= cbulk [M]).
In this article, we define ∆Eref as bias potential between two reference electrodes and ∆Ej
as the junction potential in the salt bridge between agar and ammonium bicarbonate solution.
Figure 3.3 shows the differences in ion mobility giving rise to liquid junction potentials in the
agar filled AmB solution in the salt bridge. With KCl and AmB filling solutions in reference
electrode and salt bridge respectively, the cation

(
NH+

4
)

diffuses through the junction faster
than the anion, making the filling solution in the salt bridge negative with respect to the
bulk solution.
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Fig. 3.3: The liquid junction potential arising from differences in ion mobility. The
arrows denote the direction and the length of arrows denotes the value of
mobility

We propose this approach of use of the salt bridge for open circuit potential measurement.
The liquid junction potential was measured independent of the membrane permselectivity
measurement. The experimental procedure replicating the selectivity measurement proce-
dure is as follows, the salt bridges were stored overnight in saturated KCl. Four salt bridges
were filled with AmB solution with two high concentration (HC) and two low concentration
(LC). The LC was fixed to 0.1 M AmB while the HC was varied as 0.5 M, 1 M and 2 M.
The open-circuit potentials (OCP) were measured as shown in the figure 3.2, using Gamry
potentiostat. To see the influence of change in concentration in the salt bridge on junction
potentials, after getting steady-state readings, the concentrations in the salt bridges were
switched, i.e. HC to LC and vice versa. OCP was measured again until a steady-state is
reached. Then the concentrations were switched back to the initial, and each measurement
was performed for 600 seconds at least three times. The experiments were repeated until the
difference between the initial and the final measurements were less than 0.2 mV. The value
corresponds to junction potential contribution to the permselectivity measurement less than
1%. These measurements were used to correct for the junction potentials influencing the
permselectivity measurement.

3.2 Membrane ionic conductivity

3.2.1 Membrane equilibration

The experimental setup for direct measurement of membrane resistivities is depicted in
Fig. 3.4. We shall next describe the details of how the experiments were carried out.
First, membranes were cut in a circular shape with a diameter of 2 ·10−2 m. Each of these
membranes were soaked in a bottle with approximately 200 ml of ammonium bicarbonate
solution (Merck, Germany, EMPROVE, 99 - 101%) in an equilibration concentration (0.1
M, 0.5 M, 1 M, 2 M) for at least 48 hrs without refreshing the solution. The membranes
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Fig. 3.4: Experimental setup for direct membrane resistance measurement using two
electrodes and electrochemical impedance spectroscopy. Here A. Platinum
wire, B. Platinum disc electrode, C. Ceramic casing, D. Stopper, E. Tightening
screw, F. Metal casing, G. IEM, H. Solution thin film, I. K-type thermocouple,
J. Heating coil, K. Cables

were kept at a temperature of 295±2 K and 313±1 K for room and elevated temperature
measurements, respectively. The counter ions listed in the Table 3.1 were exchanged with
ammonium ions for cation exchange membranes and bicarbonate ions for anion exchange
membranes.

3.2.2 Electrode preparation

The membrane resistance was measured using Platinum disc electrodes. The disc electrodes
were polarised for uniform surface using cyclic voltammetry using the reversible hydrogen
electrodes (RHE) prepared in the lab. (RHE) were prepared in a glass tube with a 0.5 ·10−3 m
diameter platinum wire. An air tight glass flask of 1200 ml filled with 200 ml of 99 %
concentrated H2SO4 diluted in 1000 ml of DI water was used to prepare RHE and disc
electrodes using chronoamperometry and cyclic voltammetry. A glass tube was filled with
the same solution and then a two-electrode setup was used to produce hydrogen with
chronoamperometry using a Gamry 5000E interface. The experimental settings for this
procedure are provided in Table 3.3.

Tab. 3.3: Parameters for the chronoamperometry procedure.

Parameter Value Unit
Electrode Area 3.14 ·10−4 m2

Pre-step Voltage 0 vs Eref V
Pre-step Delay Time 0.5 s
Step 1 Voltage -2.5 V
Step 1 Time 200 s
Step 2 Voltage 0.1 V
Step 2 Time 5 s
Max Current 200 mA
Limit I 2 ·10−2 mA m−2

Equil. Time 5 s
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The chronoamperometry was performed until the tube was 50% filled with H2 gas. The disc
electrodes used to measure membrane resistance were made of platinum with an active area
of 3.14 ·10−4 m2 and a thickness of 1 ·10−3 m. These electrodes were polarised using CV
under the conditions provided in Table 3.4.

Tab. 3.4: Parameters for the cyclic voltammetry procedure.

Parameter Values Units
Initial potential 0 V
Final potential 0 V
Scan limit 1.6 V
Scan rate 20 mVs−1

Step size 0.5 mV
Cycles 60
Max current 20 mA

The CVs were performed with a three-electrode setup with the RHE (explained above) as the
reference. 10 - 15 cycles were performed to have a stable voltammogram which corresponds
to a uniform surface. Insulated platinum/copper wires were used to connect the platinum
disc electrodes to the potentiostat. The disc electrodes were enclosed in a ceramic hollow
cylinder and kept in a thick rectangular metal box. A screw was used to clamp the ceramic
cylinder and metal box. A clamping torque of 2 Nm was set for all experiments.

3.2.3 Electrochemical Impedance Spectroscopy

Electrochemical impedance spectroscopy was used to measure the ohmic resistance of the
membranes. A set of three measurements were performed for a stack of 1, 3 and 5 membrane
layers. The settings for the measurements are provided in Table 3.5.

Fig. 3.5: Equivalent circuit used for the fitting of EIS measurements. The resistance
(Rint) and constant phase element (Cint) represent the interface between
electrode and solution layer on the IEM (i.e solution-electrode interface). The
ohmic resistance of the IEM and the electrode is represented by Rm+ele

Furthermore, a blank cell measurement was performed after every set. In the case of a
high-temperature measurement, the setup was kept in a heating oven. For boosting the
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Tab. 3.5: Parameters for the electrochemical impedance spectroscopy procedure.

Parameter Value Unit
Initial frequency 106 Hz
Final frequency 10 Hz
Points/decade 15 -
AC Voltage 10 mV
Area 3.14 ·10−4 m2

Init. Delay 60 s

temperature of the membrane and disc electrodes, an external heating coil was wound along
the length on the hollow ceramic cylinder as shown in Fig. 3.4. One of the electrodes was
connected to a thermocouple (type K) to measure the temperature of the disc electrode. The
measurements were analysed using an equivalent circuit model. The Ohmic resistance of
the membrane plus the electrodes were then estimated. These resistances were plotted as
functions of the membrane thickness. The intercept was treated as the ohmic resistance of
the blank cell.
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4Results and discussions

4.1 Publications I and II

In these studies we evaluate the influence of each parameter in terms of hydrogen production
rate (ṁ) (kgH2 m−2 s−1), waste heat required for restoring the salt concentration (qth)
kWh kg−1

H2
, and levelised cost of hydrogen (LCH) C kg−1

H2
.

In general, an increase in production rate increases the total H2 produced in the plant
throughout its lifetime, which decreases the LCH. An increase in production rate can be
achieved by increasing current density, which indirectly relates to the concentration ratio.
High concentration ratios are achieved with high solubility of salt under the assumption
that the electrical conductivity of the solution and membrane permselectivity remain the
same. The production rate is a function of peak density, which in turn depends on the Nernst
potential. This Nernst potential relates to the ratios of concentration or activity coefficients
which are salt properties. The salts with higher OCP, higher solubility limit and lower
resistance can produce H2 at an increased production rate. Further, the use of an optimal
combination of electrolytic solutions, electrode material, and geometric configuration can
decrease the cell overpotential and increase the overall stack potential, which will improve
the H2 production rate. In the following subsections, we discuss a few parameters that
significantly influence the H2 production rate and waste heat required for restoring the salt
concentration.

4.1.1 Feed Solution Concentration

At dilute solution concentrations below 0.1 M with a fixed concentration of concentrate,
the concentration ratio (cc/cd) is high, but due to the high (ohmic) membrane and channel
resistances, the electrochemical potential is low. The low electrochemical potential and
high ohmic resistance result in a low current density. As the current density is directly
proportional to the H2 production rate, the latter decreases as well. The H2 production
rate increases until dilute solution concentrations 0.1 M and then decreases as shown in
Figure 4.1. This decrease is due to a low concentration ratio (cc/cd). For the specified
geometry and operating conditions of the RED cell, a maximum is observed at cc 2.6 M and
cd 0.1 M, and 2.6 M and 0.2 M for present and future scenario, respectively. For an increase
in the concentration of the concentrated solution, the H2 production increases. Also, the
concentration of dilute solution at which the maximum H2 production is observed increases
with an increase in the concentration of the concentrated solution.
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Fig. 4.1: Waste heat required and H2 production rate as a function of both dilute and
concentrated feed solutions (left). Waste heat required and H2 production
rate as a function of both dilute feed solution for present and future scenario
(right).

An opposite trend is observed for the waste heat required for restoring the salt concentrations
(Qreg) as shown in Figure 4.1. For the specified geometry and operating conditions of the
RED cell, an increase in the concentration of the dilute solution increases the waste heat
required per unit volume to restore an increased amount of salt. At concentrations above cd
0.07 M and 0.1 M (for present and future scenario), the increase in dilute solution concen-
tration increases the current density due to the decreased (ohmic) membrane and channel
resistances. However, as the concentration ratio decreases, the electrochemical potential
decreases; this increases the number of cell pairs needed and increases the volumetric flow
rate. The increase in volumetric flow rate causes an increase in the required waste heat.
Finding the optimum between the H2 production rate and waste heat required is essential
for a reduced LCH. This optimum is usually found at a concentration of dilute solution
less than the concentration at maximum H2 production as waste heat required dominates
the LCH. When comparing the scenarios, the H2 production rate increases by one order of
magnitude, and the waste heat required reduces by one order of magnitude. This is due
to high permselectivity and low membrane resistance. Further, the concentration of the
dilute solution at which maximum H2 production rate is observed shifts towards higher
concentrations.

4.1.2 Cell Geometry: Residence Time and Channel Thickness

With an increase in residence time, the feed solution velocity and volume flow rate decreases
(at tres 50 s the feed solution flow velocity is 1.6·10−3m s−1). This decreases the pressure
drop across the inlet and the outlet of the RED stack. This results in a decrease in the pumping
power needed. Nevertheless, the increase in residence time increases the amount of salt
diffusing through the membrane, which increases the waste heat per unit volume. However,
as the volume flow rate decreases, the total heat required to restore the concentrations
decreases, as shown in Figure 4.2. As we operate at peak power current density, the influence
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Fig. 4.2: Waste heat required and H2 production rate as a function of residence time
(left) and channel thickness (right).

of the resistance from the diffusion boundary layer and the electrical double layer on current
density and electrochemical potential is neglected. Hence, the H2 production rate is not
affected by residence time. However, with an increase in residence time, these resistances
will tend to dominate, and the H2 production rate would decrease.

An increase in the channel thickness increases the ohmic resistance of the channels, de-
creasing the actual unit cell potential. The decrease in open circuit potential decreases the
peak power current density, decreasing the H2 production rate and the salt flux. Hence,
the waste heat per unit volume of dilute solution required also decreases. However, the
increase in channel thickness causes an increase in feed solution volume flowing through
the channel. This causes an increase in the total waste heat required to regenerate the am-
monium bicarbonate solutions. This increase in the heat requirement nullifies the decrease
in waste heat per unit volume due to the decrease in salt flux. Thus, the net effect observed
is an increase in the total heat required, as shown in Figure 4.2. Moreover, the increase in
channel thickness increases the feed solution flow rate. The increase in flow rate increases
the amount of water per gram of salt transported; thus, Josm increases. Hence, the total
heat required to recover the same amount of salt increases.

4.1.3 Economic Comparison: capital expenses and levelised cost of
hydrogen

A scenario analysis was done for present and future scenario in terms of cost composition as
shown in Figure 4.3. In the case of the present scenario, the CAPEX composition is dominated
by 55% for the regeneration system and 28% for the membranes and RED stack. In the case
of the future scenario, the regeneration system contributes the most with 77% . The share of
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Fig. 4.3: Comparison of component contribution to CAPEX for present and future
scenario (left) and comparison of cost composition of LCH for present and
future scenario (right).

CAPEX for the regeneration system is high because of the high-volume flow rate of the dilute
solution and the high amount of heat required per unit volume of the dilute solution.

In LCH composition for the present scenario, the costs associated with waste heat and
CAPEX contribute most with 42% and 37%, respectively. The major contributor to CAPEX is
the regeneration system. Hence, the regeneration system must be optimised to reduce its
contribution to LCH further.

4.1.4 Economic Analysis: Membrane Cost, Lifetime and Waste Heat
Cost

The membrane cost and the cost of waste heat have a linear relation with the LCH as shown
in Figure 4.4. For every euro, the membrane cost increases the LCH increases by 0.055
C kg−1

H2
and 0.01 C kg−1

H2
for present and future scenario, respectively. In the case of the cost

of waste heat, for every 0.001 C kWh−1 increase, the LCH increases by 4.02 and 1.78 C kg−1
H2

.
The membrane life increases from 3 years to 10 years, the LCH decreases approximately by
40% of the initial value for input values stated in Publication I. Membrane life of more than
four years has no significant influence on the LCH Publication II. The minimum predicted
cost of the membrane was calculated using the learning rate of 25 mm Nafion membrane for
a production rate of 60·108 m2 per year. The minimum membrane cost was found to be 1.69
V m−2. For ammonium bicarbonate RED system, the membrane cost, Cmem, must drop below
2.86 and 22.3 V m−2 for membrane lifetime tmem of 4 and 10 years at a production rate of
1.19 and 3.71 mol m−2 h−1, respectively, to compete with other clean energy technologies.

The membrane resistance and permselectivity have linear and non-linear relation with LCH.
While the increase in membrane resistance increases LCH, an increase in permselectivity
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Fig. 4.4: Influence of membrane resistance on waste heat required and H2 production
for present and future scenarios (left). Influence of permselectivity on waste
heat required and H2 production rate (right).

decreases LCH. In a future scenario, at permselectivity as high as 0.95 and membrane
resistance as low as 0.1 Ωm2 the LCH can reach the US DOE target for other thermodynamic
and economic parameters are kept constant.

4.2 Publications III

From the previous work in publication II, it is clear that membrane resistance plays a vital
role in determining the performance of the RED system. This study evaluates the membrane
resistances and studies its influence on hydrogen production rate, specific waste heat, and
LCH. The membrane area resistances were estimated using equivalent circuit modelling
of the data from the impedance measurement using a simple equivalent circuit as shown
in Fig. 3.5. The resistance in series (Rm+ele) is associated with the ohmic resistance from
the membrane and the electrode. A blank cell measurement was performed to estimate
the electrode resistance. This value was subtracted from Rm+ele to estimate the membrane
resistance values. In the following section, the measured values for Rmem will be reported
and discussed.

4.2.1 Influence of thickness on membrane resistance and membrane
resistance at elevated temperature

The membrane resistance is not only a material property, and it is a ratio between the
membrane thickness and its conductivity. With increasing membrane thickness, the length
of the transport pathway increases, and the membrane resistance increases proportionally.
For all of the IEMs considered in this study, we observe a linear relationship between
membrane resistance and membrane thickness. This has been shown for AEMs at 295± 2 K
and 313± 1 K in publication III Figs. 5 and 7, and for the CEMs at the same temperatures in
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Figs. 6 and 8. The membrane resistance is here found to increase with increasing thickness.
Linear regression was used to fit the resistance as a function of thickness, and the coefficients
of these polynomials and their uncertainties are provided in the publication III Appendix
Tables A(1-4). Though the linear equation describes the effect of thickness on the resistance
reasonably well, we observe a high double standard deviation in the resistivity (the slope of
the equation). This is likely to be associated with the high variation in the IEM thickness,
which is difficult to measure for swollen membranes, especially for the APS type (AEM). The
increase in resistance due to an increase in thickness is because an ion has to traverse further
through the tortuous path inside of the membrane. Even though the AEMs are thinner
compared to CEMs, in general, the CEM have lower resistances compared to the AEM. This
may be due to the mobility of NH+

4 ions, which is very high compared to the mobility of
HCO−

3 ions, as shown in Table. 4.1.

Tab. 4.1: Properties of the ions considered in this study

Ion NH+
4 HCO−

3
Hydrated radius [nm] 0.331 0.439
Charge density [mC cm−3] 1.05 0.45
Average polarizability [a.u] 7.91 23.7
Ionic mobility [cm2V−1s−1] 7.71 · 10−4 4.59 · 10−4

The Fumasep membranes with reinforcement, FASPET and FKSPET, have higher resistances
compared to FAS and FKE. The increased resistance can be explained by the increased
thickness (polyester reinforcement). FAS and FASPET follow a similar trend in the resistance
as a function of the thickness. It is difficult to evaluate the membranes based on their
thickness normalised membrane conductivity or membrane’s ohmic resistance, as they
give a different prioritisation of which membranes should be preferred. Although a thinner
membrane may show lower conductivity at different concentrations, the measured membrane
resistance of the thinner membranes can be lower than the thicker membranes with the
highest conductivity. This is because of the physical properties of the membrane, such as
water content, fixed charge density etc.
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(a) DSV at 298 K (b) AMV at 298 K

(c) APS at 298 K (d) FAS at 298 K

(e) FASPET at 298 K

Fig. 4.5: Anion exchange membrane (AEM) resistance as a function of thickness for
different concentrations at 298 K.
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(a) DSV at 313 K (b) AMV at 313 K

(c) APS at 313 K (d) FAS at 313 K

(e) FASPET at 313 K

Fig. 4.6: AEM resistance as a function of thickness for different concentrations at 313
K.
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(a) CMF at 298 K (b) CMV at 298 K

(c) CSO at 298 K (d) FKE at 298 K

(e) FKSPET at 298 K

Fig. 4.7: Cation exchange membrane (CEM) resistance as a function of thickness for
different concentrations at 298 K.
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(a) CMF at 313 K (b) CMV at 313 K

(c) CSO at 313 K (d) FKE at 313 K

(e) FKSPET at 313 K

Fig. 4.8: CEM resistance as a function of thickness for different concentrations at 313
K.

In general, the membrane resistance decreases with increasing temperature. This is due to
the increase in ionic mobility through the membrane, which increases with temperature.
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4.2.2 Influence of concentration on membrane conductivity

Fig. 4.9 shows how the conductivities of the different AEMs and CEMs change with concen-
tration. The first conclusion that can be made based on these results is that the conductivities
of the CEMs are typically significantly higher than those of the AEMs. The mobility ratio of
ammonium ions to bicarbonate ions is 1.67, which may explain higher conductivity in the
CEM membrane than AEM.

The electrolyte concentration influences the various IEMs differently. In the CEMs, CMF and
CSO exhibit the highest conductivities of all the membranes at both temperatures examined.
For the AEMs, APS and DSV have the highest conductivities at both temperatures. APS and
CSO display a clear trend, where the conductivity increases with increasing concentration.
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(a) AEM

(b) CEM

Fig. 4.9: Effect of the solution concentration on the IEM conductivity

AMV, DSV and FKE have the lowest conductivities at 0.5 M and 1 M, respectively, and the
conductivities increase/remain constant with further increase in concentration. This may
be due to loss of water through the IEM or shrinkage, causing loss of conduction paths. In
FAS, FASPET and CMV, the conductivity decreases with an increase in a concentration above
0.5 M, and it is lowest at 2 M. CMF shows almost constant conductivity with an increase in
concentration. The exact values of the mean conductivities of the membranes are reported
in publication III, appendix Tables a5 and a6.
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4.2.3 Influence of membrane resistance on hydrogen production rate and
specific waste heat required

After the membrane characteristics have been determined experimentally, it is of interest to
study how they influence the performance of a RED stack for the generation of hydrogen
by use of waste heat. Based on the measured values, we find a lower ohmic resistance for
the membranes gives a higher hydrogen production rate and lower waste heat required
per kg of hydrogen. The article compares the hydrogen production rate and specific waste
heat required for membranes with the highest conductivity (APS and CMF) with the least
resistance (FAS and CSO). The highest conductivity was found for a stack made with
APS and CMF for 2 M/0.1 M feed solutions concentration. The hydrogen production rate
and specific waste heat required based on APS and CMF membranes were found to be
6.51·10−7 kg m−2s−1 and 419 kWh kg−1

H2
respectively. For a stack made of FAS and CSO

membranes as AEM and CEM with the least area-specific resistance (Ω m2) for 2 M/0.1 M
feed solutions concentration at room temperature, the corresponding hydrogen production
rate and specific waste heat required is 8.48·10−7 kg m−2s−1 and 344 kWh kg−1

H2
. The

hydrogen production from a RED stack with NaCl solution operating at seawater/river water
concentration- 0.6 M/0.0015 M was theoretically estimated to be 9.64· 10−7 kg m−2s−1 and
artificial NaCl solution with concentrations 4 M/0.017 M was experimentally found to be
4.94·10−8 kg m−2

eles
−1 [24], [60].

Compared with the proposed system, the reasons for the low hydrogen production rate
can be low permselectivity, high area-specific membrane resistance, high overpotentials
and the effect of activity coefficients. In comparison, the conventional electrolysis such as
alkaline electrolysers operating at atmospheric conditions the hydrogen production rate was
found to be 2 ·10−4 kg m−2s−1 [74], [75]. Hence, an increase in the membrane resistance
decreases the electrochemical potential of the stack and thus, the resulting peak power
current density decreases. This decrease in current density decreases the number of hydrogen
moles produced due to the water’s electrolysis. From the previous sections, it is clear that a
thinner membrane can have low area-specific resistance but can be relatively less conducive,
for example, FKE. On the other hand, a thicker membrane can have more resistance but can
be relatively highly conductive, for example, CMF. The results signify that the membrane’s
thickness plays a vital role in improving the hydrogen production rate. In the thermodynamic
model to calculate the peak power density produced, we consider area-specific resistance,
and we emphasise ohmic resistance rather than conductivity. Therefore, a stack made
of CMF/APS has a higher area-specific resistance than CSO/FAS and was not chosen as
optimum. Furthermore, the decrease in the operating current density causes a decrease in
the amount of salt transported through a membrane due to electro-migration and decreases
the amount of water dragged along due to electro-osmosis. As the salt flux decreases, the
concentration of dilute solution at the outlet decreases. The decrease in the dilute solution
concentration decreases the waste heat required per unit volume of a dilute solution (qth
[kWh m−3]). However, the total waste heat required per kg of hydrogen produced increases
as the volume of the dilute solution at reduced current densities increases due to an increased
number of unit cells required to develop the potential in a stack required for electrolysis of
water.
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Fig. 4.10: LCH as a function of membrane resistance for different membrane cost. Here
we assume the membrane resistances Raem = Rcem. CSO and FAS perms-
electivities were measured and used as input. The membrane cost range
assumed for lab, pilot and commercial scale is 130-150, 50-80 and less than
30 C m−2, respectively. The cost of heating is assumed to be 0.005 C kWh−1

[69]. We assume for the pilot-scale that the material development will
lead to cheaper and less resistive membranes, i.e. SPEEK or carbon-based
membranes, and that for the commercial-scale, these membranes will be pro-
duced at a large scale (60 ·108 m2 per year) and reduced thickness (25µm
and maintaining the mechanical strength) which will, in turn, reduce the
cost and resistance further [69], [76], [77].

4.2.4 Influence of membrane resistance on thermodynamic efficiency and
levelised cost of hydrogen

An increase in the membrane resistance decreases the thermodynamic efficiency, η and
increases the levelised cost of hydrogen (LCH), as shown in Fig 4.10. For a stack made of
FAS and CSO membranes as AEM and CEM with the least area-specific resistance (Ω m2) for
2 M/0.1 M feed solutions concentration at room temperature, the thermochemical conversion
efficiency was found to be 9.7%, and the LCH was estimated to be 7.80 C kg−1

H2
. The highest

conductivity was found for a stack made with APS and CMF for 2 M/0.1 M feed solutions
concentration. The corresponding thermodynamic efficiency and LCH estimated were 8.00%
and 9.99 C kg−1

H2
. The membranes with a lower resistance give a higher thermochemical

conversion efficiency, lower waste heat required per kg of hydrogen and lower levelised cost
of hydrogen. Thus, with an increase in membrane resistance, the thermochemical conversion
efficiency decreases and the LCH increases significantly. The increase in membrane resistance
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decreases the cell’s performance by decreasing operating potential and peak power current
density. Furthermore, with an increase in membrane resistance, the amount of heat required
to restore the concentrations to original increases due to the increased amount of solution
from the stack needed for the same amount of hydrogen production capacity. Therefore,
a decrease in efficiency can be observed. In the case of LCH, the number of membranes
required increases with an increase in the membrane resistance and hence the investment
cost and membrane replacement cost increases. Moreover, an increase in the volume of the
outlet solutions increases the capacity of the regeneration system, which in turn increases
the cost. All these factors cause an increase in LCH.

4.3 Publication IV

From the previous work in publication II, it is clear that membrane permselectivity plays
a vital role in determining the performance of the RED system. In this study, we evaluate
the permselectivity of the least resistive membranes and study its influence on hydrogen
production rate, specific waste heat and LCH. We measured open-circuit potentials of
commercial IEM using two single-junction Ag/AgCl reference electrodes and estimated
the transport numbers of salt and water for ammonium bicarbonate solution at different
concentrations. We corrected the junction potentials due to salt bridges and bias from
the reference electrodes. The results of the same are stated below. We assume averaged
permselectivity of an IEM to estimate the hydrogen production rate, waste heat required,
thermochemical conversion efficiency and levelised cost of hydrogen. Permselectivity at
concentrations 2 M and 0.1 M were averaged.

4.3.1 Influence of concentration on membrane potential and
permselectivity

As discussed in the background section, the concentration of bulk solution influences the
measured membrane potential. From figure 4.11 we see that with an increase in bulk
concentration, the membrane potential increases but the permselectivity decreases. This
is due to the weakening of Donnan exclusion which allows transport of co-ions. With the
increase in feed solution concentrations, the permselectivity decreases due to a decrease in
the charge-exclusion ability of the membrane. The non-equilibrium thermodynamic model
developed for the present system also shows that water transport decreases permselectivity.
The number of moles of electrolyte and water transported reversibly with the electric
current is known as transference coefficients [78]. Reversible conditions are, in this case,
characterised by uniform chemical potential profiles. If we assume that the electrolyte and
water transference coefficients are constant in the concentration range, then the reduction
in permselectivity may be explained by the ratio of the chemical potential differentials for
water and salt. The movement of salt creates electric energy down a concentration gradient.
However, water is transported along with the salt in a process that reduces the net work
output of the cell [79]. Thus the effect of the water transfer is higher if one or both of the
electrolyte solutions are highly concentrated. This effect is shown as a contour plot of a
range of concentrations in figure 4.13.
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Tab. 4.2: Influence of concentration on Liquid junction potential and electrode bias

Nj ∆ESBj Erefb

3M KCl
1 - 0.55±0.11
2 - 0.92± 2.26

3.5M KCl
1 0.79±0.33 0.73±0.01
2 0.84± 0.04 0.84±0.07

4M KCl
1 0.5±0.02 0.55±0.04
2 -0.79±0.04 -0.83±0.07

The transference numbers are, in fact, dependent on concentrations and may also act in
a way that decreases the permselectivity at higher concentrations [80]. Measured electric
potentials and permselectivities for FAS and CSO are shown in figures 4.12 and 4.11. It was
found that the permselectivity of the AEM is lower than the CEM. This must result from a
lower transference number of salt for the AEM or a higher water transference number.

(a) AEM, FAS. (b) CEM, CSO.

Fig. 4.11: Concentration effect on permselectivities and measured electric potential of
an AEM and a CEM. The dilute solution was kept at constant concentration
of 0.1 M and the concentrate solution was varied 0.5 M, 1 M and 2 M.

4.3.2 Influence of liquid junction potentials and reference electrode bias

As discussed in the background section, it is not easy to calculate the exact LJP thermody-
namically as it requires treatment of single-ion activity in the Planck- Henderson equation.
We measured the LJP of salt bridges at different concentration we found no clear trend
in measured LJP with the increase in concentration. It was also found that the measured
bias between the reference electrodes influences the measurements. They may change their
polarity when they are refilled, and other operating conditions are kept the same. The
summary of the measured LJPs and bias potentials are depicted in 4.2.
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(a) AEM, FAS. (b) CEM, CSO.

Fig. 4.12: Concentration effect on permselectivities of an AEM and a CEM. The dilute
solution was kept at constant concentration of 0.1 M and the concentrate
solution was varied 0.5 M, 1 M and 2 M. The that tw is typically reported
in the literature with opposite signs because the water is transported in
opposite directions for AEM and CEM.

4.3.3 The influence of permselectivity on hydrogen production and waste
heat requirement

The increase in permselectivity increases the electrochemical potential of the IEM, increasing
the operating voltage of the RED stack. This increases the current density, which increases the
hydrogen production rate. The peak power density of a typical reverse electrodialysis system
is directly proportional to the square of permselectivity. Similarly, the hydrogen production
rate at peak power current density is directly proportional to the square of permselectivity.
Therefore, an increase in permselectivity increases the hydrogen production rate. At concen-
trations 2 M/0.1 M, for a stack made of FAS and CSO having permselectivities of 0.8 and
0.91 respectively, the hydrogen production rate was estimated to be 8.05·10−7 kg m−2s−1

As the electrochemical potential of a cell pair increases, the number of cell pairs required

Tab. 4.3: Concentration effects on liquid junction potentials of salt bridge. Here SJE
and DJE refers to single junction electrode and double junction electrode

AmB SJE DJE

0.5|0.1 M
EHCj - ELCj (mV) 0.972±0.06 2.512±0.15
α 0.03 0.07

1|0.1 M
EHCj - ELCj (mV) -0.937±0.04 -
α 0.02 -

2|0.1 M
EHCj - ELCj (mV) 3.26±0.06 -0.703±0.05
α 0.06 0.01
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Fig. 4.13: Contour plot of a range of concentrations for mc and md and the resulting
permselectivity given ts = 0.93 and tw = 8. Transference numbers are taken
from an experimental study by Zlotorowicz et al. [79].

to achieve the potential for water electrolysis decreases. This, in turn, relates to a smaller
dilute solution volume. This relates to less total heat required. At concentrations 2 M/0.1 M,
for a stack made of FAS and CSO having permselectivities of 0.8 and 0.91 respectively, the
waste heat required was estimated to be 366 kWh kg−1

H2
.

4.3.4 The influence of permselectivity on thermodynamic efficiency and
levelised cost of hydrogen

As discussed in the previous subsection, permselectivity positively impacts the hydrogen
production rate and reduces waste heat required. Cumulatively this increases the thermo-
chemical conversion efficiency. The thermochemical conversion efficiency for a RED stack
made of FAS and CSO was estimated to be 9.1%. An increase in permselectivity reduces the
number of cell pairs required, reducing the waste heat required. A decrease in the amount of
membrane needed and less total waste heat required corresponds to lowering the levelised
cost of hydrogen as shown in the 4.14. The LCH for a RED stack made of FAS and CSO was
estimated to be 10.132 C kg−1

H2
.
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Fig. 4.14: LCH as a function of membrane permselectivity and membrane cost. Here,
we assume the membrane resistances such that αaem=αcem.
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5Overall Conclusions

A thermodynamic model for reverse electrodialysis of ammonium bicarbonate to produce
hydrogen was developed in the present work. An economic model to determine the levelised
cost for the hydrogen production from a thermally driven reverse electrodialysis system
was developed. Moreover, membrane properties such as permselectivity and membrane
resistance were determined experimentally.

5.1 Publications I and II

In the thermodynamic model, we studied the influence of parameters such as the concen-
tration of feed solutions, membrane properties- permselectivity and membrane resistance,
cell geometry- channel thickness, residence time on hydrogen production and waste heat
required per unit mass of hydrogen produced. A maximum observed for hydrogen produc-
tion and a minimum observed for required waste heat that changes with feed solutions
concentration. For the RED stack’s specific geometry and operating conditions, the increase
in concentration ratio increases open circuit potential and reduces the ohmic resistance of
the IEMs in the stack, which increases the current density at peak power, which increases
hydrogen production rate. When the dilute solution concentration increases beyond 0.1 M,
the concentration ratio reduces (as the concentration of concentrate is kept constant 2.6 M),
reducing the open circuit potential, the current density at peak power and hydrogen produc-
tion rate. An opposite trend is observed for the waste heat required for restoring the salt
concentration. An increase in the dilute solution’s concentration increases the waste heat
required per unit volume to restore an increased salt amount. However, as the concentration
ratio decreases, the electrochemical potential decreases, so the number of cell pairs necessary
to produce a specified amount of hydrogen increases and therefore, the volumetric flow rate
increases. The increase in volumetric flow rate causes an increase in the required waste heat.
With an increase in residence time, the feed solution velocity and volume flow rate decreases.
This decreases the pressure drop across the inlet and the outlet of the RED stack. This results
in a reduction of pumping power needed. As we operate at peak power current density, the
influence of the resistance from the diffusion boundary layer and the electrical double layer
on current density and electrochemical potential is neglected. Hence, the H2 production
rate is not affected by residence time. However, with an increase in residence time, these
resistances will dominate, and the H2 production rate would decrease. Nevertheless, the
increase in residence time increases the amount of salt diffusing through the membrane,
which increases the waste heat per unit volume; however, as the volume flow rate decreases,
the total heat required to restore the concentrations decreases. An increase in channel
thickness increases the channels’ ohmic resistance, decreasing the actual unit cell potential.
This, in turn, reduces the H2 production rate and the salt flux. Hence, the waste heat per
unit volume of dilute solution required also decreases. However, the increase in channel
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thickness causes an increase in feed solution volume flowing through the channel. This
causes an increase in the total waste heat required to regenerate the ammonium bicarbonate
solutions. This increase in the heat requirement nullifies the decrease in waste heat per
unit volume due to the salt flux reduction. Thus, the net effect observed is an increase in
the total heat required. The increase in channel thickness increases the feed solution flow
rate. The increased inflow rate increases the amount of water per gram of salt transported;
thus, the osmotic water flux, Josm increases. Hence, the total heat required to recover the
same amount of salt increases. From the economic model, it was clear that membrane
and regeneration system cost dominates the capital expenses contributing more than 70%.
The capital expenses and waste heat contributes to more than 70% of the levelised cost of
hydrogen. From scenario analysis, in future, the cost of the membrane can be reduced to
1.69 C m−2 with an increase in membrane production rate, a reduction in production and
raw material cost, and a reduction in membrane thickness. AmB RED for H2 production
has economic potential at membrane cost of less than 4.5 C m−2, and membrane life of 4
years or more. Finally, a thermally driven RED system with a regeneration system cost of
less than 3000 C kWh−1 m−3 and a waste heat cost of less than 0.005 C kWh−1 can present
an economically feasible for utilisation of low-grade waste heat for H2 production. There
are two scenarios with input parameters, as shown in Table 3.2.

For every euro, the membrane cost increases the LCH increases by 0.055 C kg−1
H2

and 0.01
C kg−1

H2
for present and future scenario, respectively. In the case of the cost of waste heat, for

every 0.001 C kWh−1 increase, the LCH increases by 4.02 and 1.78 C kg−1
H2

. Membrane life
of more than four years has no significant influence on the LCH.

5.2 Publication III

Experimental studies were performed on ten commercial membranes to evaluate concen-
tration and temperature effect on membrane conductivity or area-specific resistance. It
was found that the area-specific membrane resistance increases linearly with thickness. It
was found that cation exchange membranes (CEMs) have higher conductivities than anion
exchange membranes (AEM) for nearly all of the concentrations examined (0.1 M, 0.5 M,
1 M and 2 M), and this may be due to the higher mobility of ammonium ions compared to
bicarbonate ions. For use combined with reverse electrodialysis, the membranes with the
least area-specific resistance were found for a stack consisting of the FAS type AEM and the
CSO type of CEM.

Membrane conductivity increases the H2 production because the electrochemical potential
increases, which increase the current density at peak power. The increase in membrane
resistance decreases the current density, which causes a reduction in the amount of salt
transported through a membrane due to electromigration and reduces the amount of water
dragged along due to electro-osmosis. As the amount of salt flux is low, there is a relatively
more minor increase in the outlet dilute solution concentration. This decrease in dilute
concentration causes a reduction in waste heat required per unit volume of a dilute solution
(qth kWh m−3). Nevertheless, the total(waste) heat required per kg of H2 produced increases
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as the dilute solution’s volume at reduced current densities increases due to an increased
number of cell pairs in a stack necessary for water electrolysis.

A RED stack made of membranes that are highly conductive and low area-specific resistance
were compared. In closed-loop ammonium bicarbonate reverse electrodialysis system that
uses CMF/APS type of membranes in combination with waste heat to generate hydrogen,
the hydrogen production rate and specific waste heat required based were estimated to
be 6.51·10−7 kg m−2s−1 and 413 kWh kg−1

H2
. This resulted in a thermodynamic efficiency

of 8.00% and an estimated levelised cost of hydrogen of 9.99 C kg−1
H2

. Of the membranes
examined in this work, the FAS type of AEM and the CSO type of CEM was found to have the
least area-specific resistance. With a closed-loop reverse electrodialysis system with these
membranes, the hydrogen production rate and specific waste heat required are estimated to
be 8.48· 10−7 kg m−2s−1 and 344 kWh kg−1

H2
respectively. This resulted in a thermodynamic

efficiency of 9.7 % and an estimated levelised cost of the hydrogen of 7.80 C kg−1
H2

.

5.3 Publication IV

Experimental studies were performed on two membranes with the least area-specific resis-
tance in ammonium bicarbonate solution to evaluate the concentration effect on membrane
permselectivity. The proposed method to measure membrane potential using salt bridges
made of agar and 4 M KCl using Ag/AgCl reference electrodes dipped in 4 M KCl developed
low liquid junction potential. It was also found that the junction potentials from the salt
bridge influences measured open circuit potential. We determine the permselectivity of
cation exchange membrane CSO and anion exchange membrane FAS for concentrations
0.5 M/0.1 M, 1 M/0.1 M and 2 M/0.1 M. We observe that the membrane potential increases
with an increase in the concentration of concentrate solution keeping dilute solution con-
centration constant. However, for both membranes, the permselectivity decreases with
an increase in the concentration of concentrate solution. It was found that the CSO had
higher permselectivity compared to FAS at all concentrations. This can be due to higher
ion exchange capacity/ fixed charge density, as suggested in the literature. Further, there
was no clear trend to evaluate the influence of ammonium bicarbonate concentration on
liquid junction potential. The junction potential was found to introduce additional potential
contributing to a maximum of 7% change in the permselectivity.

Membrane permselectivity increases the H2 production because the electrochemical potential
increases, which increase the current density at peak power. The decrease in permselectivity
decreases the current density, which causes a reduction in the amount of salt transported
through a membrane due to electromigration and reduces the amount of water dragged
along due to electro-osmosis. As the amount of salt flux is low, the outlet dilutes solution
concentration decreases. This decrease in dilute concentration causes a reduction in waste
heat required per unit volume of a dilute solution (qth kWh m−3). Nevertheless, the
total(waste) heat required per kg of H2 produced increases as the dilute solution’s volume
at reduced current densities increases due to a higher number of cell pairs in a stack. At
concentrations 2 M and 0.1 M AmB we find the hydrogen production rate, thermochemical
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efficiency, waste heat required, and levelised cost of hydrogen were estimated values are
8.05·10−7 kg m−2s−1, 9.1%, 365.87 kWh kg−1

H2
, 10.132 C kg−1

H2
, respectively.
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6Further Work

The developed model had some shortcomings, and it was assumed that the resistance due to
bubble formation at the electrodes, the resistance due to diffusion boundary layer and the
double layer was negligible.

The regeneration model used the empirical relations for mass balances taken from literature
developed for specific operating conditions. An ASPEN Plus model can be developed to have
an engineered value and more control over operating conditions.

The economic model assumed the cost of endplates, gaskets, spacers and electrodes equal
to the membranes. The up-scaling effect on the cost of these components as well as the
regeneration system was not considered. An engineered cost model can be developed using
the CAPCOST tool. In up-scaling, the raw material prices are functions of primary cost,
purchase quantity or customer relationship. The input data from vendor inquiries prices
for chemicals can be extracted from the PRODCOM database of the statistical office of the
European Commission EUROSTAT.

The literature on life cycle assessment (LCA) of thermally driven reverse electrodialysis for
a hydrogen production system is limited. Hence, developing a case study in SimaPro to
compare the carbon emissions equivalent and other environmental impact parameters of
this system in the context of low-grade waste heat to hydrogen production for industries
such as waste incineration, cement and paper would provide more insight.

The membrane properties such as swelling degree, ion exchange capacity, co and counter
ion concentration were not determined, which can help better understand the influence of
concentration and temperature on permselectivity, membrane resistance and water and salt
permeabilities.

The actual hydrogen production rate can be measured and compare with the model. The RED
stack made of IEMs with high pemselectivity and low area-specific resistance for ammonium
bicarbonate solution can be tested. The stack measurements can be performed under
different operating conditions, such as a number of cell pairs in a stack that produce potential
necessary for hydrogen evolution reaction, increased operating temperature, variation in
flow rate of feed solutions.

Future efforts must be directed to evaluate the performance of potential salts that are
highly conductive, highly soluble, and may require less heat for recovery, such as lithium
bromide.
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h i g h l i g h t s

� First study of levelized cost of hydrogen by ammonium bicarbonate reverse electrodialysis.

� For economic feasibility, max. membrane cost 20 V/m2 and min. membrane life 7 years.

� Waste heat required varies from 480 to 105 kWh/kgH2.

� In Present scenario membrane replacement cost dominates with 44% of total expenses.

� In Future scenario cost of heating dictates with 58% of total expenses.
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a b s t r a c t

Ongoing and emerging renewable energy technologies mainly produce electric energy and

intermittent power. As the energy economy relies on banking energy, there is a rising need

for chemically stored energy. We propose heat driven reverse electrodialysis (RED) tech-

nology with ammonium bicarbonate (AmB) as salt for producing hydrogen. The study

provides the authors’ perspective on the commercial feasibility of AmB RED for low grade

waste heat (333 Ke413 K) to electricity conversion system. This is to our best of knowledge

the only existing study to evaluate levelized cost of energy of a RED system for hydrogen

production. The economic assessment includes a parametric study, and a scenario analysis

of AmB RED system for hydrogen production. The impact of various parameters including

membrane cost, membrane lifetime, cost of heating, inter-membrane distance and resi-

dence time are studied. The results from the economic study suggests, RED system with

membrane cost less than 2.86 V/m2, membrane life more than 7 years and a production

rate of 1.19 mol/m2/h or more are necessary for RED to be economically competitive with

the current renewable technologies for hydrogen production. Further, salt solubility, resi-

dence time and inter-membrane distance were found to have impact on levelized cost of

hydrogen, LCH. In the present state, use of ammonium bicarbonate in RED system for

hydrogen production is uneconomical. This may be attributed to high membrane cost, low

(0.72 mol/m2/h) hydrogen production rate and large (1,281,436 m2) membrane area re-

quirements. There are three scenarios presented the present scenario, market scenario and

future scenario. From the scenario analysis, it is clear that membrane cost and membrane

life in present scenario controls the levelized cost of hydrogen. In market scenario and future

scenario the hydrogen production rate (which depends on membrane properties, inter-
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membrane distance etc.), the cost of regeneration system and the cost of heating controls

the levelized cost of hydrogen. For a thermally driven RED system to be economically

feasible, the membrane cost not more than 20 V/m2; hydrogen production rate of 3.7 mol/

m2/h or higher and cost of heating not more than 0.03 V/kWh for low grade waste heat to

hydrogen production.

© 2019 The Author(s). Published by Elsevier Ltd on behalf of Hydrogen Energy Publications

LLC. This is an open access article under the CC BY license (http://creativecommons.org/

licenses/by/4.0/).

Introduction

Many large-scale industries for e.g. manufacturing applications

dissipate heat at relatively low temperature. In general, this

heat is in overabundance, and often cannot be reintegrated

entirely on-site or used for district heating. Thus, this heat is

rejected to the surroundings [1]. Globally, waste heat in the

industrial sector accounts for more than 40% of total energy

use, meaning almost half of the energy consumed is wasted as

heat to the environment [2]. In Norway, the waste heat poten-

tial was estimated to be 19 TWh/a in 2008 [3]. There are various

sources of industrial waste heat as shown in the Table 1.

Though there is a huge potential for waste heat recovery, the

amount of heat varies with temperature as shown in Fig. 1.

The low-grade waste heat is an untapped energy resource

generated in industrial plants due to lack of efficient and cost-

effective recovery methods. About 300 thousand USD savings

was accounted for carbon dioxide equivalent (CO2,eq) emis-

sions from waste heat from industries in UK [5]. In order to

mitigate climate change, EU policy 2030 recommended a

target to reduce GHG emissions by 40% and improve energy

efficiency by 27% in the transportation and industrial sectors.

Further, the use of hydrogen in the transportation sector was

identified to be an alternative solution. We propose an energy

efficient ammonium bicarbonate reverse electrodialysis

(AmB-RED) system that utilizes the low grade waste heat

(333 Ke413 K) to produce hydrogen. Reverse electrodialysis

(RED) stack is an electrochemical device that converts chem-

ical energy into electrical energy using concentration gradient

across an ion selective membrane. RED is one of the few

renewable technologies which is capable of directly producing

hydrogen from waste heat.

Cost and some technicalities are major barriers to market

penetration of RED technology [6]. Literature survey indicates

lack of studies evaluating challenges in market diffusion. The

economic studies report that membrane accounts for almost

40e80% of total investment cost [7e10]. The literature study

till date to the best of the authors’ knowledge shows quite an

uncertainty in estimated membranes costs ranging from 2 V/

m2 to 640 V/m2 as shown in Table 2. Moreover, the membrane

life was assumed to be in the range of 7e20 years. While some

are optimistic assumptions and rest suppositions, an engi-

neered estimate of membrane cost for levelized cost of energy

(LCOE) for RED needs to be addressed.

In this article, we evaluate for the first time the economic

feasibility of AmB RED system for hydrogen production with

low grade waste heat of (313 Ke413 K) as a source. A model

with technical and economic aspects was developed to eval-

uate levelized cost of hydrogen (LCH). The model can be

applied to decentralized hydrogen refuelling station. Critical

parameters were identified, and their sensitivity was evalu-

ated. We estimate the membrane price for the technology to

be economically viable for hydrogen production. In this

parametric study we account for five parameters. In the sce-

nario analysis, we propose three scenarios estimating the

values of the financial and performance indicators for present

state, economically competitive to other clean energy tech-

nologies and an optimistic future scenario.

System description

A typical RED cell converts directly the electrochemical po-

tential of salt into electrical energy. The electrochemical po-

tential in the form of concentration gradient across an ion

exchange membrane provides the driving force for ions to

migrate from the high concentrate channel (HC) to the low

concentrate channel (LC). By using alternate permselective

membranes, the flow of ions is controlled. This ionic current is

converted into electrical current at the electrodes by redox

reactions. The ammonium bicarbonate based RED system is

divided into a RED stack and a regeneration system as shown

in Fig. 2. Similar to a typical reverse electrodialysis system, a

concentrate and a dilute solution of ammonium bicarbonate

are introduced into the cell in the respective channels. The

concentration difference across a cation exchangemembrane

causes ammonium ions to flow from HC to LC. Similarly, bi-

carbonate ions flow from the HC to the LC across anion ex-

change membrane. Mixing of these solutions decreases the

concentration of the HC effluent, while the LC increases. This

LC effluent is introduced into the regeneration system. The

regeneration system includes a stripping column and an ab-

sorption column. The low grade waste heat, at 313 K and

Table 1 e Industrial waste heat potential (TWh/a) from
different sectors at various temperature range (their
share [4]).

Sector L.T < 373 K M.T 373e572 K H.T > 572 K

World 63% 16% 21%

Transportation 7.9 (46%) e 9.3 (54%)

Industry 3.7 (42%) 1.8 (20%) 12.1 (38%)

Electricity 26.2 (88%) 3.6 (12%) e

Residential 3.0 (36%) 5.4 (64%) e

Commercial 2.3 (59%) 0.2 (5%) 1.4 (36%)
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Fig. 1 e Industrial waste heat [TWh/a] in Norway as function of temperature [K].

Table 2 e Summary of previous economic studies on RED for electricity production.

Author Year Capacity MW Lifetime years CmemV/m2 tmem years Pop W/m2 LCOE V/kWh

Turek [11] 2007 e e 100a,b 10 0.46 6.79a

Post [9] 2010 200 40 2 7 2 0.08

Daniilidis [10] 2014 200 25 50 7 2.2 0.72

Weiner [7] 2015 e 20 750a,b e 1.2 6.33a

Bevacqua [12] 2017 100 20 50 20 4.78 0.3

a Currency in $.
b Cost includes membranes, gasket, spacers, electrodes, end plate.

Fig. 2 e Schematic of Reverse Electro-Dialysis (RED) system based on ammonium bicarbonate salt with regeneration system

for hydrogen production (For interpretation of the references to colour in this figure legend, the reader is referred to the Web

version of this article).
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1 atm, heats the LC effluent solution in the stripping column.

This heat strips the solution into ammonia and carbon dioxide

gases. The stripped gases absorb into the HC effluent in the

absorption column at 298 K. The outlets of absorption and

stripping column are reintroduced into the RED cell by mixing

them with HC and LC inlets.

A typical RED stack consists of K4Fe(CN)6/K3Fe(CN)6 as

electrode rinse solution (ERS) with inert electrodes such as Ti

coated in IreRueO [13]. The alternative cost efficient carbon

electrode with FeCl2/FeCl3 as ERS are not used widely due to

low conductivity [13,14]. In AmB-RED system, we propose use

of 1 M KOH as ERS with Nickel/nickel mesh as electrode for

hydrogen evolution reaction (HER) and oxygen evolution reac-

tion (OER) similar to alkaline water electrolyzers, respectively.

The redox reactions at the respective electrodes are as follows.

Reactions at Anode:

H2OðlÞ#2Hþ
ðaqÞ þ

1
2
O2;ðgÞ þ 2e�

Reactions at Cathode:

2Hþ
ðaqÞ þ 2e�#H2;ðgÞ

Ammonium bicarbonate has low decomposition tempera-

ture of around 60 C at 1 atm that makes it an ideal candidate

for low grade waste heat recovery [12,15e18]. Thermolytic

salts such as ammonium bicarbonate can access control over

solution concentrations. Increase in the salt concentrations

increases the osmotic pressure differences which results in

higher energy production. An ammonium bicarbonate based

RED systemcan produce osmotic pressure heads equivalent to

380e510 m for higher concentrations (1e1.5 M), which is three

to four times higher when compared to seawater-riverwater

RED. In addition, use of ammonium bicarbonate salt in RED

system avoids the geographic constraints such as coastal re-

gions that are essential for sea/river based RED systems. This

eliminates the need for energy intensive pretreatment pro-

cesses. Further, high solubility in water, and relatively low

molecular weight, makes it suitable for RED application.

Ammonium bicarbonate production in terms of environ-

mental concern, CO2,eq emissions, production of AmB can be

net carbon negative [19]. Moreover, carbon capture can be

realized in the oxyfuel process, where oxygen and steam are

burnt with natural gas. Recovering the waste heat from such

processes, not only as hydrogen but additional oxygen too

makes AmB RED to hydrogen a carbon neutral economy. AmB

has an additional advantage compared to NaCl solutions

because its use reduces electrode overpotentials for both

hydrogen evolution reaction (HER) and oxygen reduction re-

action (ORR) [20]. Thus, AmB may make these reactions more

favourable for energy production than previously achieved

using river water and seawater in RED systems.

Methodology

Input data

The economic assessment was performed for a decentralized

hydrogen production plant (refuelling station) of capacity

1500 kg/day [21]. Depending on the conversion efficiency, the

waste heat required for such capacity varies from 1 MW to

8 MW. List of input parameters for techno-economic model-

ling are shown in the Table 3. The dimensions of RED stack are

1 m � 1 m x 2 m (l x w x h) per 10 kW (electric power) [10]. The

technical parameters including model equations for mem-

brane resistance and theoretical waste heat for ammonium

bicarbonate decomposition are referred from literature

[12,22]. It was difficult to extract market price of membranes,

due to commercial sensitivity. Hence, the cost estimates were

assessed based on the information from the literature (see

Table 4).

Assumptions

In this method, inflation rate was moderate and similar to the

interest rate. All economic assumptions were based on values

taken from literature for European market. In the economic

analysis, fuel, insurance and emissions cost, were considered.

Ion exchange membranes (IEM) for RED specific applications

follows the learning curve and economic trend as Nafion. The

levelized cost of hydrogen (LCH) of 3.59 V/kg was considered

for market scenario [21]. The operational cost associated to

heating including equipment cost heat exchanger was

assumed to be 0.01 V/kWh [23].

Table 3 e Input technical and economic data for proposed
model.

Parameter Symbols Value Unit

Concentrate solution conc. chc 2.0 M

Dilute solution conc. clc 0.06 M

Ideal gas constant R 8.314 J/K/mol

Temperature T 293 K

Faraday's constant F 96,485 C/mol

Permselectivity of CEM/AEM a 0.85

Diffusivity coefficient (mem) DAmB 2,10e12 m2=s

Inter-membrane distance dch 100 mm

Membrane thickness dmem 125 mm

Number of membrane pair N 10

Residence time tres 1 s

Length of channel l 0.1 m

Width of channel w 0.1 m

Viscosity of water m 9,10e4 Pa-s

Porosity ε 0.8

Velocity of dilute sol. vlc 0.01 m/s

Membrane life time tmem 4 yr

Plant life time t 20 yr

Operational hours per year ta 8000 h

Pump efficiency hpump 0.75

Faradaic efficiency hF 0.95

Production capacity mcap
H2

1500 kg/day

Pumping system cost cpump 300 V/kW

Membrane cost Cmem 150 V/m2

Waste heat price cheat 0.01 V/kWh

Discount factor r 0.06

Infrastructure price cinfra 1123 V/m2a

Regeneration system price cregen 3400 V/m3=hb

Labour cost Clab 20% (% of CAPEX)

RED stack CREDstack
same

as Cmem

V/m2

a Land area.
b Vol. flow.
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System model

The system model was subdivided into AmB-RED system,

pumping system and regeneration system. In AmB-RED

system, electrochemical equations were used to esti-

mate hydrogen produced. Pumping system model deals

with hydrodynamics in the cell and related losses.

Regeneration system was modelled based on simple mass

balances and thermal duty assumed from Bevacqua et al.

[12].

AmB-RED system
The objective was to estimate the hydrogen production, and

membrane area required. At first, the input data as shown in

Table 3 were initialized. Parameters such as conductivity

and activity coefficients were estimated. On this basis, cell

voltage, resistances of membranes and channels were

estimated followed by stack resistance, and stack voltage.

Using these values, short circuit current density, peak

power current density, and peak power stack voltage were

determined. Finally, the moles of hydrogen produced and

membrane area required were estimated. The proposed

system was mathematically modelled using equations as

follows,

� Conductivity of solutions (k): The equivalent conductivity

of ammonium bicarbonate depends on concentration and

molar conductance which depends on temperature. The

conductivity was calculated at constant temperature 293 K

using Jones-Dole equation,

k¼L,ci (1)

where L¼ L0 � AL,Li,c
1=2
i

1þBL,c
1=2
i

� CL,ci . Here AL;BL;CL are model pa-

rameters used for fitting and referred fromBevacqua et al. [12],

ci is inlet concentration; L0 molar equivalent conductivity of

salt at infinite dilution. The conductivity is calculated in mS/

cm for both feed solutions at 293 K.

� Activity coefficient of solutions ðgÞ: The activity coeffi-

cients depend on molar salt concentration. The linear

dependence of activity coefficients on concentration was

estimated using ENTRL-RK thermodynamic package in

Aspen Plus.

g¼ g1$ci þ g2 (2)

here ci is expressed in mol/l, g1 ¼ 0.1366 l/mol and g2 ¼ 1.0007.

These values were estimated at T ¼ 293 K [12].

� Unit cell open circuit potential (Eocp
u:c:): It is the membrane

potential [V] for a cell pair (CEM, AEM) with no losses

considered. The electrochemical potential difference

across an IEM placed between two different concentration

solutions can be described usingmodifiedNernst equation,

Eocp
u:c: ¼ðacem þ aaemÞ,R,TF ,ln

�
ghc,chc
glc,clc

�
(3)

a is permselectivity of IEMsmeasured at concentration chc and

clc at constant temperature 293 K for specific membrane. Here

we assume same a for bothmembranes. F is Faraday constant.

T is room temperature. R is ideal gas constant.

� Area specific membrane resistance (Raem=cem): It is the ohmic

resistance [Um2] of the membranes when immersed in the

solution. It is expressed as function of concentration [12].

Rcem ¼Raem ¼ r1,ðclcÞ�0:236 (4)

Rcem;Raem are area specific membrane resistances for cation

and anion exchange membrane, clc is inlet concentration of

low concentrate solution. r1 is fitting parameter [Um2/M]. It is

estimated to be 0.0002 [Um2/M] for present andmarket scenario

and 0.00004 [Um2/M] for future scenario [12]. As concentration

lowers below 0.1 M, the contribution to resistance from low

concentrate solution dominates.

� Channel ohmic resistance (Rlc=hc): The resistance (Um2) due

to the solution in the channel and spacer geometry. It de-

pends on concentration, and is calculated using molar

conductivity of the salt.

Rlc ¼ dlc

ε,klc,clc
Rhc ¼ dhc

ε,khc,chc
(5)

here dch is intermembrane distance in mm, ε is the porosity of

spacers, klc and khc are conductivities of feed solutions

� Unit cell resistance (Ru:c:): The cumulative sum of resis-

tance of membranes and channels in a unit cell [Um2].

Ru:c: ¼Rcem þ Raem þ Rlc þ Rhc (6)

� Current density at peak power (jppu:c:): The peak power cur-

rent density occurs at potential half the open circuit po-

tential. As the resistance remains constant the current

density [A/m2] at peak power is calculated using Ohm's
law,

jppu:c: ¼
Eocp
u:c:

2,Rcell
(7)

Table 4 e Effect of raw material cost and production volume on cost of membrane [28].

Membrane Production rate m2/a Craw $/m2 Cprod $/m2 Total cost $/m2 Thickness m m

Nafion 2800 e e 576 183

250,000 35 100 e 183

28,000,000 e e 62 183

10,000 e e 250 25

600,000,000 e e 2.8 25

SPEEK 250,000 4.5 50 e 100

NFM 10,000 1 þ 0.05 10 e 200 þ 25
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� Actual unit cell potential (Eact
u:c:): The potential across the

RED unit cell drops due to ohmic resistances in the RED

unit cell and is estimated as,

Eact
u:c: ¼Eocp

u:c: � Ru:c:,j
pp
u:c: (8)

� Number of unit cells (Nu:c:): Alkaline electrolyzers operate

above reversible potential 1.23 V. The anodic and cathodic

overpotentials are estimated to be 300 mV at low current

densities [24]. Hence, the required potential for water

electrolysis is assumed to be 1.5 V. In order to meet this

potential, unit cells are stacked together in series. The

minimum number of unit cells to be stacked in series is

calculated as,

Nu:c: ¼ 1:5

Eact
u:c:

(9)

� Stack open circuit potential (Eact
stack): The stack open circuit

potential [V] drops upon connecting the RED device to

external load. Thus the actual voltage across the terminals

of the stack is given by,

Eact
stack ¼N,Eact

u:c: (10)

� RED stack resistance (Rstack): The total resistance including

unit cells, N and electrodes in a stack.

Rstack ¼N,Ru:c: þ Rele (11)

here Rele [Um
2] is resistance from electrodes in electrode rinse

solution. This resistance value is assumed to be 0.01 Um2 [12].

But, its contribution to the performance is not significant for

large stacks.

� Hydrogen production rate ( _nH2 ): The theoretical moles of

hydrogen produced per unit time in the compartment with

electrode-electrolyte rinse solution of RED stack.

_nH2
¼ jppu:c:,3600

z,F
,hF (12)

here z ¼ 2 is the ion valence per mole of hydrogen gas, hF is

Faradaic efficiency. hF signifies that all current density

generated is not utilized to make hydrogen, due to system

related losses. In a RED system, the main source of loss in

Faradaic efficiency is due to ionic short circuiting in feed and

drain channels. This loss in Faradaic efficiency is 6% for well

designed RED system in comparison with alkaline water

electrolyzer where these losses range from 5 to 25% [20,25].

� Membrane area (Atot
mem): The total membrane area [m2]

required to produce 1500 kg hydrogen a day

( _mcap
H2

¼ 0.0174 kg/s is the required production capacity).

Atot
mem ¼ Ipppara:,Nu:c:

jppu:c:
(13)

Ipppara: is total current from the stacks in parallel. It is calculated

as Ipppara: ¼
_mcap
H2

,1000,z,F

2:016,hF
. Where, _mcap

H2
is required hydrogen pro-

duction capacity [kg/s] and molecular weight of hydrogen is

2.016 g/mol.

Pumping system
Experimentally, a pressure drop is observed over the inlet and

outlet of feed water. Hence, to compensate this loss, pumping

of feed solutions is essential. The important parameters such

as flow rate, pressure drop and pumping power were calcu-

lated and are presented in this section.

� Flow rate (Qlc): As suggested in the literature [22,26], the

velocity of LC solution influences the double layer resis-

tance and thus the power density. The flow rate [m3/s] for

low concentrate feed solution is estimated as,

Qlc ¼N,vlc,dch,w,ε (14)

here ε is porosity of the spacer, vlc velocity of feed solution in

low concentrate channel [m/s], dlc intermembrane distance

[m], w width of channel.

� Hydraulic diameter (dh;lc): The spacer filaments obstruct the

flow through the channel and this requires additional

pumping power. To estimate the influence of spacer fila-

ments, hydraulic diameter of spacer filled channel was

determined using following equation,

dh;lc ¼ 4ε

2
dch

þ
�
ð1� εÞ, 8

dch

� (15)

� Pressure drop (Dplc): Assuming an ideal case of fully

developed laminar flow, the pressure drop (Pa) was esti-

mated using Darcy-Weisbach equation,

Dplc ¼ 12,m,l2

0:25,d2
h,tres

(16)

the m is dynamic viscosity of water [Pa-s], tres is the residence

time [s], l length of channel.

� Pumping power (Ppump): The power [W/m2] required to

overcome the hydraulic resistance in pumping the feed

solutions through the channels. This strongly depends on

the spacer porosity, as it dictates hydraulic radius which

influences pressure drop.

Ppump ¼Dp,dh;lc,ε

tres
þ Dp,dh;hc,ε

tres
(17)

� Reynolds number (Re): It is the ratio of inertial forces to

viscous forces within a fluid. The Reynolds number for

wide channel corrected for spacer porosity is defined as

[27],

Re ¼ r,vlc,dh

m
(18)

Mass balances
The concentration difference between the adjacent channels

drives the salt flux from high concentrate to low concentrate

channel.
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� Salt flux (Jsalt): The total solute transport.

Jsalt ¼ jpp

F
þ 2,

DAmB

�
cinhc � cinlc

�
dmem

(19)

here dmem is the thickness of IEMs in operation [m], DAmB

diffusivity coefficient of ammonium bicarbonate in mem-

brane [m2/s]. The first term relates to coulombic (counter ion)

transport, while the second term relates to co-ion transport.

The factor 2 relates to number of membranes in a unit cell.

Waste heat/Regeneration system
The regeneration system compensates the amount of salt

diffused through the IEM from high concentrate channel to

low concentrate channel. The regeneration system includes

air stripping column and absorption column. The air stripping

column decomposes solution from dilute compartment outlet

to ammonia gas and carbon dioxide gas at 333 K. The ab-

sorption column dissolves the decomposed gases at 298 K in

the outlet of concentrate channel.

� Heat required for regeneration (qregen): The total amount of

thermal power required to strip Qlc of ammonium bicar-

bonate salt from LC solution

qregen ¼ _qth,Qlc,3600,A
tot
mem (20)

qth is the specific thermal duty [kWh/m3] required to decom-

pose ammonium bicarbonate solution into its components

NH4,(g) and CO2,(g). The value was estimated using relation

qth ¼ a1,ea2,C1 � a3,C
a4
2 þ a5,C

a6
1 ,Ca7

2 from Bevacqua et al. [12] for

inlet concentration to stripping column C1 and outlet con-

centration C2 from stripping column. Here a1 to a7 are fitting

parameters that are function of C1, refer to appendix Table 8.

Economic model

Levelized cost of hydrogen (LCH) method assesses the eco-

nomic feasibility of the proposed process. This method con-

siders annuity factor

 
1

ð1þrÞt

!
as shown in equation (21). This

method is preferred as it is simple, and provides realistic re-

sults. These results of economic assessment of different

technologies are easy to compare, transparent, and easy to

understand. The disadvantage of using thismethod is that the

distinction in variations in costs and benefits from one year to

the next is not possible (same net benefit is applied to every

year). Further, the time delay between investment and first

year of regular operation are not considered.

LCH ¼
P i¼t

i¼1
CAPEX þ OPEX þCheat

ð1þrÞt þ Cmem;reP i¼t
i¼1

mH2

ð1þrÞt
(21)

Capital cost (CAPEX)
The capital cost [V] of the plantwas evaluated as CAPEX, using

equation (22).

CAPEX¼Cmem þ CREDstack
þ Cregen þ Cpump þ Clab þ Cinfra (22)

The capital costs include all the expenses related to pur-

chase and installation (labour and infrastructure) of systems

such as RED stack (including membranes), pumping unit,

regeneration unit. The labour cost includes civil work associ-

atedwith site preparation, process equipment building, offsite

services and is assumed to be 20% of capital cost. The cost of

regeneration system was normalized to flow rate [m3/h], and

cost of pumping system was normalized to pumping power

[kW]. The cost of membranes was normalized per unit

membrane area. The cost of membrane was estimated as sum

of the production cost and raw material cost. Using analytical

approach to investigate the cost of Nafion membranes, Minke

et al. [28] suggested that for constant thickness with increase

in production rate by four orders of magnitude the total

membrane cost decreases by almost one order of magnitude

w.r.t the initial cost. With a decrease in thickness by almost 7

times and a further increase in membrane production rate by

one order of magnitude, the total membrane cost reduces to

one tenth of the present raw material cost [28]. Assuming a

learning rate similar to that of Nafion membrane of 25 mm

thickness, a minimum membrane cost was estimated. The

production rate was assumed 60� 108 m2 as a RED application

requires large membrane areas due to low membrane poten-

tial or power density [10].

� Cost of RED stack (CREDstack): It includes cost of electrodes,

gaskets, spacers and end plates. It is assumed to be the

same cost as that of the membrane.

� Infrastructure cost (Cinfra): It is the real estate cost and this

was calculated using dimensions of RED cell, stack referred

from Daniilidis et al. [10].

� Pumping system cost (Cpump): The pumping unit consists of

two pumps. The cost associated with a pump is cpump

[V/kW]. The pumping unit compensates the pressure drop

inside a RED stack, the total cost is normalized per unit

stack.

Cpump ¼ Ppump,A
tot
mem,cpump

1000
(23)

� Regeneration system cost (Cregen): The specific investment

cost for regeneration system is cregen [V/m3/h]. The total

cost of the regeneration system is estimated for the

required flow rate Qlc from a RED stack.

Cregen ¼ cregen,Qlc,A
tot
mem,3600

2
(24)

Operational and maintenance cost (OPEX)
OPEX [V] includes labour maintenance, service and repairs

expenses which is assumed to be 2% of CAPEX. Direct and

indirect operational costs such as chemical, emissions to air,

supply of water, labour, taxes, administration, and insurance

are not included.

OPEX¼ 0:02,CAPEX (25)

here t is plant life time [years].

Membrane replacement cost (Cmem, re)
The ion exchange membranes have limited lifetime. Hence,

these membranes have to be replaced at the end of their

lifetime until plant lifetime. The cost associated to membrane

replacement is calculated as,

i n t e rn a t i o n a l j o u r n a l o f h y d r o g e n en e r g y 4 5 ( 2 0 2 0 ) 1 2 1 2e1 2 2 51218



Cmem;re ¼
Xn¼f

n¼1

Cmem

ð1þ rÞtmem�n (26)

where cmem and tmem are membrane costs [V/m2] and mem-

brane lifetime [years]. f is the factor that denotes the number

of times replacement takes place (f ¼ t=tmem).

Waste heat price (Cheat)
The regeneration system requires heat for producing NH3,g

and CO2,g from the LC outlet solution. This heat required by

the process can be sourced from various thermal energy

intensive industries including cement, paper, biomass, waste

incineration etc. Though it is said to be waste heat, a heat

exchange system is required to provide the heat at specific

temperature. Hence a cost cheat is associated with it. This cost

is assumed to be as low as 0.01 V/kWh.

Cheat ¼ cheat,qregen,ta (27)

ta is the total number of operational hours per year [h].

Profit
The sum of revenue earned by selling produced hydrogen and

operational expenses incurred on annual basis.

Profit¼
 Xi¼t

i¼1

mH2
,cH2

ð1þ rÞt
!

�
 Xi¼t

i¼1

CAPEXþOPEXþ Cheat

ð1þ rÞt þ Cmem;re

!

(28)

where cH2
is hydrogen selling price [V/kgH2] and assumed to be

3.59 V/kgH2[21].

Scenario case study

The study includes three scenarios based on the cost of

membrane, the membrane life time and the hydrogen pro-

duction rate. In all the scenarios for ammonium bicarbonate

solution, the hydrogen production rate was calculated from

the corresponding input data as shown in Table 5. In the

present scenario, the cost and lifetime of membrane were

fixed input and LCH was estimated. In the market competing

scenario, the LCH was assumed the same as estimated by US

DOE for hydrogen produced from renewable energy source.

In the market and future scenario, the concentration of feed

solutions were optimized to maximize hydrogen production

for present properties of membranes refer Table 5 [12].

There are no profits made inmarket scenario, the membrane

life was assumed to be 7 years and membrane cost was

estimated. Finally, an optimistic future scenario was consid-

ered, wherein the profits of 10% were made on annual basis,

with an increased membrane life of 10 years, and the

membrane cost was estimated accordingly. In the future

scenario, the hydrogen is produced at 3.71 mol/m2/h with

increased permselectivity of membranes 0.95 and Faradaic

efficiency 0.95, as shown in Table 5. The channel length and

width were assumed to be the same for all scenarios. The

heating cost for all scenarios was assumed to be 0.01V/kWh.

The Table 6 summarizes all the input and estimated

parameters.

Results and discussion

Cost of membrane

Fig. 3a shows the influence of membrane cost on the LCH for

AmB based RED system for hydrogen production at 0.72 mol/

m2/h production rate, and a membrane life, tmem of 4 years.

LCH is a linear function of membrane cost, Cmem. The LCH of

AmB RED system decreases with decrease in membrane cost,

Cmem. Fig. 3b compares LCH for ammonium bicarbonate RED

system in the market and the future scenarios. The rate of

decrease of LCH for market scenario is three times as high as

future scenario, this shows that LCH was sensitive to mem-

brane cost in market scenario. The intercepts in Fig. 3b shows

the contribution of balance of plant cost to LCH at membrane

cost, Cmem ¼ 0 V/m2, and, LCH at this intercepts are below the

LCH target set by US DOE. Assessing all the costs in present

scenario, it was found that the membrane cost influences the

most, accounting for almost 40% of CAPEX. This is in agree-

ment with the previous studies [9e11,29]. The minimum

predicted cost of membrane was calculated using the learning

rate as that of 25 mm Nafion membrane for production rate of

60 � 108 m2/a. The minimum membrane cost was found to be

1.69 V/m2. For ammonium bicarbonate RED system, the

membrane cost, Cmem, must drop below 2.86 and 22.3 V/m2 for

membrane lifetime tmem of 4 and 10 years at production rate of

1.19 and 3.71 mol/m2/h, respectively, to compete with other

clean energy technologies.

Hydrogen production rate

The LCH is predicted for different hydrogen production rates.

With increase in production rate, the LCH decreases. With the

present membrane cost (150 V/m2) and membrane life of 4

years, the LCH decreased by almost 42% (72.49 V/kg) for in-

crease in production rate from 0.72mol/m2/h to 1.19mol/m2/h.

This increase in production was due to optimal concentration

Table 5 e Input parameters of AmB RED system for
scenario study.

Parameter present market future Unit

Concentrate solution conc. (chc) 2 2.6 2.6 M

Dilute solution conc. (clc) 0.06 0.05 0.07 M

Permselectivity (a) 0.753 0.85 0.95 e

Inter-membrane distance (dch) 270 100 100 mm

Residence time (tres) 70 60 50 s

Membrane lifetime (tmem) 4 7 10 years

Faradaic efficiency (hF) 0.95 0.95 0.99 e

Table 6e List of input and output parameters for scenario
study.

Scenario Input Output

present Cmem, tmem _nH2 , LCH, Profit

market LCH, tmem, Profit _nH2 , Cmem

future Profit, tmem _nH2 , Cmem, LCH

i n t e r n a t i o n a l j o u r n a l o f h y d r o g e n en e r g y 4 5 ( 2 0 2 0 ) 1 2 1 2e1 2 2 5 1219



of feed solutions. The LCH decreased to 23.7 V/kg for further

increase in hydrogen production rate to 3.71 mol/m2/h. This

increase was a combined result of increase in permselectivity

and Faradaic efficiency. The increase in production rate in-

creases the total hydrogen produced in the plant lifetime.

Therefore, LCH decreases. Increase in production rate is due to

increase in current density, which indirectly relates to con-

centration ratio. High concentration ratios are achieved with

high solubility of salt under the assumption that the electrical

conductivity of the solution and permselectivity of membrane

remains same. The production rate is a function of peak cur-

rent density,which in turn depends onNernst potential. As this

Nernst potential relates to ratios of concentration or activity

coefficients which are salt properties (solubility etc). The salts

that can produce hydrogen at a production rate higher than

that of AmB-RED systemdue to synergetic effect of higher OCP,

higher solubility limit and lower resistance needs to be inves-

tigated experimentally. However, this is beyond the scope of

this work. Hydrogen production rate can be increased by

improving membrane properties such as permselectivity,

conductance and reducing thickness while maintaining the

mechanical strength. Further, the use of optimal combination

of electrolytic solutions, electrodematerial and their geometric

configuration can decrease cell overpotential and increase the

overall stack potential, which in turn will improve the

hydrogen production rate.

Lifetime of membrane

Fig. 4a describes the influence of membrane lifetime at a

membrane cost of 150 V/m2 for present scenario. With increase

in membrane life, the LCH decreases substantially. As the

membrane lifetime increases from 3 years to 10 years, the LCH

decreases to almost 40% of the initial value in the present

scenario. Fig. 4b shows asymptotic behaviour of tmem required

at a hydrogen production rate of 1.19 mol/m2/h to 3.71 mol/

m2/h in order to meet a LCH of 3.59 V/kg. The increase in

membrane life 7 years or more, show less significant impact

on LCH in present and market scenario. Due to the operating

conditions, themembrane properties such as permselectivity,

membrane resistance etc. can be expected to deteriorate with

time. As the performance of the system depends on the

membrane properties, corresponding deterioration in the

system performance will be observed. The higher the deteri-

orate rate, the quicker themembranes need to be replaced. For

best performance, the system is operated at optimum condi-

tions, and to maintain the performance, the membranes need

to be replaced on timely basis. Increasing the frequency of

replacing a membrane increases membrane replacement cost

(contributes 44% of total expenses in present scenario). Thus,

the overall trend implies that the lifetime of membrane

(indirectly, the degradation rate) of these membranes plays a

critical role in minimizing LCH. market scenario becomes

economically feasible at membrane life of 7 years while 1 year

for future scenario. This shows that increase in membrane life

beyond 7 years has relatively low impact on LCHwith the case

parameters chosen in the study.

Inter-membrane distance

Increase in the inter-membrane distance decreases the actual

unit cell potential. The decrease in open circuit potential de-

creases the peak power current density, which in turn de-

creases the salt flux. Hence, the theoretical heat required also

decreases. On the contrary, the increase in inter-membrane

distance cause, an increase in feed solution volume flowing

through the channel. This, again, causes an increase in the

theoretical heat required to regenerate the ammonium

Fig. 3 e a. Influence of cost of membrane on LCH for a membrane lifetime of 4 years in case of present scenario (left). b.

Comparison of market, future scenario with US DOE target price, for LCH as function of membrane cost (right).
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bicarbonate solutions. This increase in the heat requirement

nullifies the decrease in heat requirement due to decrease in

salt flux. Thus, the net effect observed is an increase in the

total heat required.

Moreover, as the increase in inter-membrane distance in-

creases the feed solution flow rate. The increase in flow rate

increases the amount of water per gram of salt. Thus, the total

heat required to recover same amount of salt increases.

Increased inter-membrane distance has a negative impact

on LCH, as shown in Fig. 5a and b The LCH decreases with

decrease in inter-membrane distance. The increase in inter-

membrane distance increases the channel resistance. This

increase in resistance decreases the open circuit potential and

increases number of membrane pairs required. This results in

increase LCH. In case of the market scenario, the LCH varies

almost linearly with change in inter-membrane distance. In

the market scenario and the future scenario the maximum inter-

membrane distance to match with the US DOE were found to

be 100 mm, and 200 mm from Fig. 5b respectively.

Cost of heating

Fig. 6a and b, shows the influence of cost of heating for the

present,market and future scenario. The cost of heating, cheat, has

a negative impact on LCH. With increase in cheat, the LCH in-

creases as shown in Fig. 6a and b. In the market and the future

scenario, the cost of heating contributes as high as 58% to the

total expenses. Hence, it is considered as a critical parameter.

From Fig. 6b, the maximum cost of heating was found to be

0.01 and 0.03 V/kWh for market scenario and future scenario

respectively. The intercept on y axis shows the LCH for case

with no cost of heating. These values were found to be

approximately 148.5, 2.2 and 0.7 V/kgH2
for the present, the

market and the future scenario respectively.

Scenario analysis

Out of the three scenarios, LCH in present scenariowas found to

be the highest, with the cost of membrane being the major

contributor. Fig. 7, shows contribution of expenses such as

membranes, RED stack without membranes, regeneration

system, pumping system, infrastructure and labour to the

capital expenses. From Fig. 7, in the present scenario, the

membrane and RED stack contribute to approximately 80% of

CAPEX, this contribution reduces to more than half in the

market and future scenario. The labour cost, which includes

civil work associated with site preparation, process equip-

ment building, off site services, contributes to 16% of CAPEX in

all the scenarios. Pumping system cost increases from present

scenario to future scenario but has negligible contribution to LCH

in all scenarios. The contribution of infrastructure was of low

significance (4.4% max. in the future scenario).

The maximum limit of cmem to achieve LCH of 3.59 V/kgH2

for market scenario (2.86 V/m2) is a tenth of cmem in the future

scenario). Compared to the present scenario, the contribution of

cheat to LCH increased from 3% to 50% and 57% for market and

future scenario respectively. This suggests that as the cost of

membrane decreases, and the life of membrane increases, the

contribution from cheat to the LCH increases (see Table 7).

In order to improve the accuracy and provide more real-

istic estimates, the following recommendations are given.

The value of the heat of regeneration, qth, was taken from a

Fig. 4 e a. Influence of membrane life time on LCH for AmB RED present scenario (left). b. Comparison of market and future

scenario for membrane lifetime on LCH (right) (For interpretation of the references to colour in this figure legend, the reader

is referred to the Web version of this article).
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theoretical study and was not optimized for the present

AmB-RED system. Further, to investigate influence of salt

type on thermochemical conversion efficiency, hth, model-

ling and optimization of regeneration system in a process

modelling and simulation software is essential. In the eco-

nomic model, presented simplified LCH method is used to

evaluate the specific cost of hydrogen per kg. This method

does not include various operational costs and other capital

costs such as consultancy and financing costs. Further, the

economic model is developed for a standard capacity of

1500 kgH2
/day and hence no upscaling effects were consid-

ered. The use of base cost method proposed by Ulrich et al.

[30]. includes these costs and upscaling effect, and thus

provides more realistic estimates. The cost of other compo-

nents in a RED stack were assumed to be the same as the cost

of membrane. This may not necessarily be true in case of

learning rates. Hence individual component cost estimates

are needed. The RED model does not include non-ohmic

Fig. 5 e a. Influence of inter-membrane distance on LCH for present (left) b. market and future scenario (right).

Fig. 6 e a. LCH as a function of cost of heating for present (left) b. market and future scenario (right).
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resistances, they may influence the hydrogen production

rate at low Reynolds number [31].

Conclusions

A simplified LCH model is developed for a thermally driven

AmB RED system. Themodel includes capital costs associated

with the regeneration system and operation costs for the

waste heat. The scenario analysis includes three different

cases present, market and future; these scenarios differ in the

inlet feed solution concentration, membrane properties,

residence time, cost of membrane, membrane lifetime. The

scenario analysis demonstrates cost of membrane and

membrane lifetime as dictating parameters in present scenario;

cost of heating and cost of regeneration system, control the

levelized cost of hydrogen (LCH) in market and future scenario.

In case of the present scenario membrane replacement cost

dominates due to high capital cost of membrane (150 V/m2)

and limited membrane life of 4 years. While, in market and

future scenarios cost of regeneration system influences with

contribution to CAPEX as high as 40%. Except in the case of the

present scenario, cost of heating contributes to almost 57% of

total expenses, making it a critical parameter that needs to be

optimized to further minimize LCH. Parameters such as inter-

membrane distance, has a negative effect on the LCH. A

decrease in inter-membrane distance increases pumping

power but the decrease in heat required to extract salt domi-

nates. The decrease in inter-membrane distance by one fifth

of initial value decreases LCH to as low as 1.35 V/kgH2
in the

market and 0.83V/kgH2
in the future scenario. In future the cost

of membrane can reduce to 1.69 V/m2 with increase in pro-

duction rate, reduction in production cost, raw material cost,

and reduction in membrane thickness. It is clear that AmB

RED for hydrogen production has economic potential at

membrane cost less than 2.86 V/m2, and/or, membrane life of

7 years or more. Future efforts must be directed to evaluate

performance of potential salts such as lithium bromide that

are highly conductive, highly soluble, and may require less

heat for recovery. Finally, a thermally driven RED systemwith

membrane cost not exceeding 20 V/m2; hydrogen production

rate of 3.7 mol/m2/h or higher and cost of heating not more

than 0.03 V/kWh can make an economically feasible solution

for low grade waste heat to hydrogen production.

Fig. 7 e Comparison of various system elements in relation to CAPEX in the three scenarios.

Table 7 e Summary of the results from scenario analysis of the techno-economic analysis.

Present Scenario Market Scenario Future Scenario

LCH 152.97 V/kgH2 LCH 3.59 V/kgH2 LCH 1.71 V/kgH2

Cmem 150 V/m2 Cmem 2.86 V/m2 Cmem 3.94 V/m2

tmem 4 yrs tmem 7 yrs tmem 10 yrs
_mH2 0.72 mol/m2/h _mH2 1.19 mol/m/h _mH2 3.71 mol/m/h

Waste heat 480 kWh/kgH2 Waste heat 194 kWh/kgH2 Waste heat 105 kWh/kgH2

Re 0.3 Re 0.13 Re 0.16

CAPEX 43% CAPEX 35% CAPEX 31%

OPEX 10% OPEX 8% OPEX 7%

Cmem;re 44% Cmem;re 7% Cmem;re 5%

Cheat 3% Cheat 50% Cheat 57%

Profit �931,378,389 V Profit 0 V Profit 11,721,725 V
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Abstract: The ohmic resistances of the anion and cation ion-exchange membranes (IEMs) that
constitute a reverse electrodialysis system (RED) are of crucial importance for its performance.
In this work, we study the influence of concentration (0.1 M, 0.5 M, 1 M and 2 M) of ammonium
bicarbonate solutions on the ohmic resistances of ten commercial IEMs. We also studied the ohmic
resistance at elevated temperature 313 K. Measurements have been performed with a direct two-
electrode electrochemical impedance spectroscopy (EIS) method. As the ohmic resistance of the IEMs
depends linearly on the membrane thickness, we measured the impedance for three different layered
thicknesses, and the results were normalised. To gauge the role of the membrane resistances in the
use of RED for production of hydrogen by use of waste heat, we used a thermodynamic and an
economic model to study the impact of the ohmic resistance of the IEMs on hydrogen production
rate, waste heat required, thermochemical conversion efficiency and the levelised cost of hydrogen.
The highest performance was achieved with a stack made of FAS30 and CSO Type IEMs, producing
hydrogen at 8.48 × 10−7 kg m−2

mems−1 with a waste heat requirement of 344 kWh kg−1 hydrogen. This
yielded an operating efficiency of 9.7% and a levelised cost of 7.80 € kg−1

H2
.

Keywords: reverse electrodialysis (RED); anion-exchange membrane; cation-exchange membrane;
membrane resistance; membrane resistivity; ion-exchange membrane; hydrogen production; ammo-
nium bicarbonate; low-grade waste heat to hydrogen

1. Introduction

In the imminent transition needed in our energy economy, shifting from fossils to
sustainable, a demand for vast amounts of chemically storable energy for transportation
and the chemical process industry is emerging. Our energy economy is transcending from
burning chemical energy to generate electricity into an energy economy where electricity
is used for producing chemicals and chemical energy. In this emerging energy economy,
most of the electrical energy is generated from solar and wind power, likely to an extent
where utilising waste heat for electricity production will become much less interesting than
what has been suggested so far. Utilising industry waste heat for hydrogen production,
however, is far more future-oriented. One of very few techniques that can be employed to
achieve this is regenerative reverse electrodialysis electrolysis [1].

In a reverse electrodialysis (RED) system, the concentration gradient of salt solutions
across an ion-exchange membrane (IEM) acts as a driving force for ions to diffuse through
the membrane to create an ionic flux. This flux can be converted into either electrical current
or a gas with an appropriate combination of electrolyte rinse solutions and electrodes.

Membranes 2021, 11, 135. https://doi.org/10.3390/membranes11020135 https://www.mdpi.com/journal/membranes
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Typically, seawater and river water salt solutions are used in RED systems today to produce
electricity. Due to geographical constraints and biofouling, closed-loop systems have
received increasing attention [2–7]. In these systems, the temperatures and pressures of
the outlet solutions are modified to restore the initial concentrations [2,8]. Some of these
systems use heat to evaporate either the solvent or the solute. The choice of salts in these
processes depends on the solubility, the resistivity and the amount of heat required [2].
Ammonium bicarbonate-based reverse electrodialysis (AmB RED) is one such system that
has shown potential in developing feasible closed-loop systems [3,9,10]. An example of
such an AmB RED system that uses waste heat to generate hydrogen is depicted in Figure 1.
This concept will be studied in further detail in this work.

Figure 1. Schematic of an ammonium bicarbonate reverse electrodialysis cell with a thermally
regenerative system. Here, C is the cathode where the hydrogen evolution reaction (HER) occurs,
A is the anode where water is produced. Both of these electrodes are in contact with electrode
rinse solution made of 1 M sodium bicarbonate. The “+” marked symbol denotes anion exchange
membrane and “−” marked symbol denotes cation exchange membrane. The concentrate and dilute
feed solutions are described as HC and LC, respectively.

As in many electrochemical energy systems, low resistance and high selectivity are key
requirements for the membranes used. For an optimal RED system, the membranes must
be thin (δm < 100µm), usually without reinforcement (moderate mechanical properties)
and with a low electrical resistance (Rm < 1 Ω cm2) [11]. Determination of the membrane
resistance under different working conditions provides insight into loss of efficiency and
thus the performance of RED [12]. In this work, we experimentally evaluate the membrane
resistance of ten different IEMs. A more thorough introduction and review of methods for
measuring the ohmic resistance will be presented in Section 2. The information about the
resistance of the IEMs will be used to gauge the influence of the membrane resistance on
hydrogen production and waste heat required using a concept similar to the one depicted
in Figure 1. Eventually, we will estimate the influence of membrane resistance on the
thermodynamic efficiency and levelised cost of hydrogen (LCH).

2. Theory and Background

The performance of a RED system is determined by the maximum power produced per
unit membrane area and by its maximum efficiency. The process efficiency of a RED system
is a major hurdle, and an increase in membrane resistivity decreases process efficiency.
Therefore, to optimise the system, the membrane resistivity is a key parameter [13,14].
The ionic resistance of commercially available ion-exchange membranes is often reported
as an area resistance, because this quantity is useful for predicting and comparing the
performance of the membranes in many applications [15]. Decreasing the thickness of a
polymer film tends to reduce the area resistance [11,15]. The thickness of the membrane is
essentially fixed by the manufacturing process. This makes evaluation and comparison of
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the intrinsic ion transport properties of polymer films prepared at different film thicknesses
difficult [15]. For homogeneous polymer films, such as the membranes considered in this
work, the area resistance can be normalised by film thickness to obtain the intrinsic ionic
resistance (i.e., resistivity) of the polymer.

The electrical resistivity of an IEM is a function of the concentration of mobile ions in
the IEM and of the mobility of the ions in the membrane phase. The membrane phase ion
mobility relates to the ion exchange capacity (IEC), water content (Vw) and cross-linkage
of the membrane. Typically, an IEM with high IEC, high Vw and low cross-linkage has a
low electrical resistivity. This relation is due to the dependence of the electrical resistivity
of the ion exchange membrane on the concentration of counterions in the membrane and
on Donnan-adsorbed ions. The present work focuses on the use of IEMs for RED working
within the typical operating ohmic regime. As this regime is at a relatively low current
density, the imposed voltage and current density have a linear relation. Thus, ion depletion
in the concentration polarisation boundary layer is not dominant, and a limiting current is
not reached. Experimentally, the resistivity of a membrane ρ̄mem, is found by measuring
the amount of current when a certain potential difference is applied over two electrodes.

ρ̄mem =
ASR
δmem

(1)

where ASR is the area-specific resistance [Ω-m2], δmem is the membrane thickness [µm]
and the resistivity is an intensive property. There are various methods to evaluate the
membrane resistivity. A flow cell configuration is one such method in which a membrane
separates two or more compartments of salt solutions with the same concentration as
shown as in Figure 2 left [16]. The cell resistance due to the membrane and due to the ionic
solutions between the membranes is measured and defined as the stagnant diffusion layer
(SDL) resistance [12]. An illustration of the diffusion boundary layers that can be found in
the vicinity of the membrane is provided in Figure 2 right.

Figure 2. A flow cell configuration measuring membrane resistance using electrochemical impedance
spectroscopy (left). Diffusion boundary layer (DBL) near the surface of a cation-exchange membrane
and the salt concentration distribution in different layers at steady state (right). The current direction
is to the right.
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Another method is a cell configuration in which the membrane is sandwiched between
two electrodes with no flow of solution. Here, the ohmic resistance of the electrochemical
cell is measured with and without a membrane. The difference between those two values
gives the membrane resistance [16]. The resistance measurements can be performed with
two, three or four electrodes. In case of two electrodes, one acts as counterelectrode and
reference electrode, while the other as working electrode and reference electrode. A three-
electrode system includes the working electrode, the counterelectrode and a reference
electrode. The potential difference is measured between the reference electrode and the
working electrode. In the four-electrode system, there is an additional reference electrode
with respect to the three electrode setup. The reference electrodes are connected to a high
impedance device, so that in principle there is no current flow through these electrodes.
Furthermore, no measurement is needed for the current-generating electrodes [12].

Electrochemical impedance spectroscopy (EIS) gives the frequency-specific impedance
of a material. The impedance, Z, is a complex number, defined to be the ratio of the
complex potential, E, and the complex current, I. In an EIS measurement, an alternating
voltage or alternating current of known frequency and defined amplitude is applied to an
electrochemical system. The corresponding response in terms of either current or voltage
from the system is measured. When the response to a sinusoidal signal is a sinusoid, the
system is said to be a linear system at the same frequency. In case of a complex-valued
impedance, the imaginary value is not zero and there will be a phase shift (φ).

Z =
E(t)
I(t)

(2)

where E(t) and I(t) are voltage [V] and current [A] as a function of time t. The varying
voltage and current with time are defined as

E(t) = E0sinωt = E0ejωt (3)

I(t) = I0sin(ωt + φ) = I0ej(ωt+φ) (4)

where E0 is the voltage in phase, I0 is the alternating current in phase and j is the imaginary
number (j =

√
−1). The φ is defined as the tangent of the angle between the real and the

imaginary impedance. ω is the circular frequency of alternating current and is given by

ω = 2π f (5)

where f is the frequency.
By using Euler’s formula, the impedance can be defined as

Z(ω) =
E0ejωt

I0ej(ωt+φ)
(6)

where the real part and imaginary parts are

Re(Z) ≡ Z′ = |Z|cosφ (7)

Img(Z) ≡ Z′′ = |Z|sinφ (8)

If the phase between current and voltage is zero, this implies that there is no capacitive
or inductive response of the system and that there is no imaginary part in the impedance.
Macdonald et al. were the first to obtain an exact expression for the small signal impedance
for the case of no space charge layers in the absence of an applied potential difference [17].
This resulted in exact equivalent electrical circuits including geometric capacity and fre-
quency dependant impedance. Many researchers opt to a graphical representation of a
modelled physical and a chemical process analogous to a circuit electrical diagrams [14], as
depicted in Figure 3.
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Figure 3. Equivalent circuit used for the fitting of electrochemical impedance spectroscopy (EIS)
measurements. The resistance (Rint) and constant phase element (Cint) represent the interface between
electrode and solution layer on the ion-exchange membrane (IEM) (i.e., solution–electrode interface).
The ohmic resistance of the IEM and the electrode is represented by Rm+ele.

In general, there are three basic elements in such graphical representations: the
electrochemical resistor, and the electrical and chemical capacitors. By changing the
frequency of the applied AC potential, the resistance of the solution and the electrical
double layer (EDL) can be differentiated [12,18–20]. While at low applied AC frequency
to the membrane system, the resulting electrical equivalent circuit indicates the effect of
the diffusion boundary layer (DBL) and the EDLs, at high frequency, the AC reveals the
resistance attributed to the membrane polymer itself. That is, the impedance of the IEM is
a real value. The impedance data are interpreted in terms of electrical equivalent circuits
(EEC) using simple fitting [14]. When a current pulse is applied to an interface, one part
is consumed by the EDL charging and the other is used for an interface electrochemical
reaction. Randles and Ershler proposed an EEC for a metal electrode impedance [17]. It is
composed of two parallel branches with an EDL capacitance in the first one and a reaction
resistance in the second. This means that the total electric current can be separated into
faradaic and charging currents. Similar principles are used to describe the impedance of an
ion exchange membrane. In this work, we use EIS with a direct difference method and a
two electrode setup, primarily because it is simple and robust. In addition, it also avoids
electrochemical reactions that may occur during the measurement and is more accurate in
differentiating the pure membrane resistance from the DBL and the EDL [12,18,20].

Effect of Solution Concentration, IEM Thickness and Operating Temperature on
Membrane Resistance

The membrane resistance depends on the counterion concentration and mobility. IEMs
operating at feed concentrations <0.3 M NaCl have displayed significantly increased mem-
brane resistivity. The use of highly concentrated solutions gave a decrease in membrane
resistance for an anion-exchange membrane at increasing concentration; the opposite trend
was found for a cation-exchange membrane. The difference in the trend was attributed
to the density of fixed charge groups and ion exchange capacity, as well as membrane
thickness [11,21]. Galama et al. proposed that there are two phases in the membrane: Phase
I corresponds to permeation regions with attached fixed charges, where the ionic concen-
tration is determined by electroneutrality and Donnan equilibrium. Phase II corresponds
to permeation regions without fixed charges, where the ionic concentration is equal to that
in the external bulk solution [12]. The membrane resistance, RI (Ω cm2) corresponding to
phase I, dominates for concentrations higher than 0.3 M. This is the result of the interaction
limiting ion mobility in phase I. The concentration-dependent resistance of phase II, RI I
(Ω cm2) dominated for the salt concentration lower than 0.3 M. This behaviour is attributed
to a change in the ion concentration in phase II. Kamcev et al. proposed that thin bulk
solution layers at the membrane surface contribute to the measured resistance [16]. The
membrane resistance is sensitive to the salt identity, for which it depends on the counte-



Membranes 2021, 11, 135 6 of 22

rion identity. Furthermore, the membrane resistance typically increases with increasing
hydration free energy of the counterion in the bulk solution, indicating that steric effects
are important determinants of membrane ionic resistance. The membrane resistance has
displayed a strong inverse correlation with solution concentration below 0.1 M, and re-
mains approximately constant at higher concentrations. The membrane ionic conductivity
increases with increase in salt concentration, which was attributed to increased ion con-
centrations due to weaker Donnan exclusion. The membrane ionic conductivity for CMX
decreases due to osmotic deswelling causing decreased ion diffusion coefficients. The
apparent resistance is the actual ohmic resistance from the IEMs introduced in a RED stack
in operation and is significantly higher than the value from the standard measurement
(with 0.5 M NaCl solution) [22]. This effect needs to be clarified and modelled for an
improved representation of the RED stack. Several models have been proposed based on
experimental data. Veerman fitted experimental data to an exponential function of the
form [23]

Rm = A + B · e−rC (9)

where A, B and r are all fitting parameters, and C is the solution concentration. Later,
Kim et al. pointed out that the membrane resistance is a linear function of the reciprocal of
the solution concentration [24]:

Rm ∝
1
C

(10)

Guler et al. found that the membrane resistance does not extrapolate to zero when
the membrane thickness becomes zero. Galama et.al. proposed the modified relationship
as [22]

Rm = A +
r
C

(11)

It was found that a route for the fabrication of homogeneous membranes without
reinforcement and with reduced thickness yields IEMs with low resistances. Operating
at high temperature generally increases the feed resistivity, facilitates ionic mobilities and
thus reduces the Ohmic resistance.

3. Materials and Methods

The list of membranes used in the present study is presented in Table 1. The mem-
branes are chosen based on their properties: low membrane resistance and high perms-
electivity in NaCl solution, or lack of literature data on membrane resistance values for
ammonium bicarbonate solution for some membranes. The properties listed are extracted
from the manufacturers data sheet and from literature.

Table 1. Overview of the membranes examined in this work. The membrane resistance and permselectivity values extracted
from manufacturer’s data sheet are tested in 0.5 M NaCl at 298 K and 0.5 M/0.1 M NaCl at 298 K, respectively.

IEM Type Thickness
µm

Fixed Charge
Group Material Counter-ion Permselectivity Resistance

×10−4Ω m2
IEC meq

g−1
SD (wt)
meq g−1 Ref

FKE CEM 28–33 -SO−3 - H+ 0.965–0.986 1.6–2.46 1.35–1.36 12–27 [21]
FKSPET CEM 74–87 -SO−3 - H+ >0.95 2.5 1–1.25 - *

FAS AEM 27–33 - - Br− 0.894–0.9 1.03–2 1.1–1.85 8–19 [14,21]
FASPET AEM 72–85 - - Br− >0.9 <3 1–1.5 - *

DSV AEM 95–121 - Cl− 0.899 2.3 1.89 28 [21]

AMV AEM 110–150 -N(CH3)+3 PS/DVB/CMS Cl− 0.873–0.96 2.8–3.15 1.78–1.9 17–19.8 [14,21,
25]

CMV CEM 101–150 - PS/DVB Na+ 0.91–0.988 1.03–1.1 2–2.4 20–30 [14,21,
25]

CSO CEM 100 - PS/DVB Na+ 0.923–0.97 2.29–3 1.04 16 [25]
CMF CEM 440 - - H+ > 0.95 2.5 - - *
APS AEM 138–150 -N(CH3)+3 PS/DVB/CMS SO2−

4 0.884 0.68–0.7 0.29 147 [21,25]

* Manufacturer’s data sheet.
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3.1. Membrane Resistivity Measurements
3.1.1. Membrane Equilibration

The experimental setup for direct measurement of membrane resistivities is depicted
in Figure 4. We shall next describe the details of how the experiments were carried out.
First, membranes were cut in a circular shape with a diameter of 2 cm. Each of these
membranes were soaked in a bottle with approximately 200 mL of ammonium bicarbonate
solution (Merck, Germany, EMPROVE, 99–101%) in an equilibration concentration (0.1 M,
0.5 M, 1 M, 2 M) for at least 48 hrs without refreshing the solution. The membranes
were kept at a temperature of 295± 2 K and 313± 1 K for room and elevated temperature
measurements, respectively. The elevated temperature of 313 K was chosen to reflect the
RED system’s improved performance, the expected maximum operating temperature range
of the membranes and the temperature-dependent concentration change of the ammonium
bicarbonate solution. The counterions listed in Table 1 were exchanged with ammonium
ions for cation-exchange membranes and bicarbonate ions for anion-exchange membranes.

Figure 4. Experimental setup for direct membrane resistance measurement using two electrodes and
electrochemical impedance spectroscopy. A. Platinum wire, B. Platinum disc electrode, C. Ceramic
casing, D. Stopper, E. Tightening screw, F. Metal casing, G. IEM, H. Solution thin film, I. K-type
thermocouple, J. Heating coil, K. Cables.

3.1.2. Electrode Preparation

The membrane resistance was measured using platinum disc electrodes. The disc elec-
trodes were polarised for uniform surfaces using cyclic voltammetry using the reversible
hydrogen electrodes (RHE) prepared in the lab. RHE were prepared in a glass tube with a
0.5 mm diameter platinum wire. An air-tight glass flask of 1200 mL filled with 200 mL of
99 % concentrated H2SO4 diluted in 1000 mL of DI water was used to prepare RHE and
disc electrodes using chronoamperometry and cyclic voltammetry. A glass tube was filled
with the same solution and then a two-electrode setup was used to produce hydrogen with
chronoamperometry using a Gamry 5000 E interface. The experimental settings for this
procedure are provided in Table 2.

The chronoamperometry was performed until the tube was 50% filled with H2 gas.
The disc electrodes used to measure membrane resistance were made of platinum with
an active area of 3.14 cm2 and a thickness of 1 mm. These electrodes were polarised using
cyclic voltammetry (CV) under the following conditions the initial and final potential was
0 V. The scan limit, rate and step size were 1.6 V, 20 mV s−1 and 0.5 mV, respectively. The
experiment was performed for 60 cycles at maximum current limit of 20 mA.

The CVs were performed with a three-electrode setup with the RHE (explained above)
as the reference. Ten to fifteen cycles were performed to have a stable voltammogram
which corresponds to a uniform surface. Insulated platinum/copper wires were used to
connect the platinum disc electrodes to the potentiostat. The disc electrodes were enclosed
in a ceramic hollow cylinder and kept in a thick rectangular metal box. A screw was used
to clamp the ceramic cylinder and metal box. A clamping torque of 2 Nm was set for
all experiments.
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Table 2. Parameters for the chronoamperometry procedure.

Parameter Value Unit

Electrode Area 3.14 cm2

Pre-step Voltage 0 vs. Ere f V
Pre-step Delay Time 0.5 s

Step 1 Voltage −2.5 V
Step 1 Time 200 s

Step 2 Voltage 0.1 V
Step 2 Time 5 s

Max Current 200 mA
Limit I 200 mA cm−2

Equil. Time 5 s

Electrochemical impedance spectroscopy was used to measure the ohmic resistance
of the membranes. A set of three measurements were performed for a stack of 1, 3
and 5 membrane layers. The settings for the measurements are as follows: the initial
frequency: −106 Hz; final frequency: −10 Hz, points/decade-15; AC Voltage: −10 mV;
Area: −3.14 cm2; and initial delay of 60 s.

Furthermore, a blank cell measurement was performed after every set. In the case
of a high-temperature measurement, the setup was kept in a heating oven. For boosting
the temperature of the membrane and disc electrodes, an external heating coil was wound
along the length on the hollow ceramic cylinder as shown in Figure 4. One of the electrodes
was connected to a thermocouple (type K) to measure the temperature of the disc electrode.
The measurements were analysed using an equivalent circuit model. The ohmic resistance
of the membrane plus the electrodes was then estimated. These resistances were plotted as
functions of the membrane thickness. The intercept was treated as the ohmic resistance of
the blank cell.

3.2. Thermodynamic Model for the RED System

To assess the significance of the measurement results and the resistance of the IEMs, a
thermodynamic model for a thermally driven AmB RED based on a closed loop regener-
ative system developed by Raka et al. was used [26]. For details on the thermodynamic
model, we refer to the work in [26]. The performance was evaluated in terms of hydrogen
produced and waste heat required for restoring the concentrations.

The unit cell open circuit potential (Eoc
u.c) is the electromotive force driven by concen-

tration difference across an ion exchange membrane with no losses considered. The open
circuit potential of an IEM pair placed between two different concentration solutions can
be described using the modified Nernst equation:

Eoc
u.c= (αaem+αcem)

RT
F

ln
(

γcmc

γdmd

)
(12)

where α is the permselectivity of IEMs measured at concentration mc and md at a constant
temperature of 298 K for a specific membrane. Here, we assume the same α for both
membranes. In the above equation, F is the Faraday constant, T is the room temperature and
R is the universal gas constant. The activity coefficient of solutions (γ) is a measure of the
deviation from ideal solution. The activity coefficients depend on molal salt concentration.
There is an internal loss in the RED cell due to its components and operating parameters.
This internal resistance consists of ohmic and non-ohmic resistances. The ohmic resistance
for a unit cell [Ω m2] is the cumulative sum of membrane and channel (concentrate and
dilute) resistances.

Ru.c = Rch,d + Rch,c + Rm,aem + Rm,cem (13)

The channel ohmic resistance (Rch) is the resistance (Ω m2) due to the conductivity of
the feed solution in the channel and spacer geometry. It depends on concentration and is
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calculated using the molar conductivity of the salt. The actual unit cell potential (Eact
u.c) is

the potential across the RED unit cell. The potential drops due to ohmic resistances in the
RED unit cell:

Eact
u.c= Eoc

u.c−Ru.cjpp
u.c (14)

where the peak power current density (jpp
u.c) [A m−2

mem] is calculated using the following
equation based on Ohm’s law:

jpp
u.c=

Eoc
u.c

2Ru.c
(15)

3.2.1. Hydrogen Production

The theoretical amount of hydrogen produced per unit time in the compartment with
electrode–electrolyte rinse solution is the hydrogen production rate (ṅH2 ) [moles m−2

memh−1],
which can be calculated from

ṅH2=
jpp
u.c3600

zF
ηF. (16)

Here, z = 2 is the ion valence per mole of hydrogen gas, ηF is the faradaic efficiency.
The ηF considers hydrogen gas losses and signifies that the current density generated is
not fully converted to produce hydrogen gas due to various system related losses such as
undesired reactions or loss in the form of heat [27]. In a RED system, the loss in faradaic
efficiency is due to back diffusion of ions, transport of co-ions and osmosis (i.e., closely
related to membrane permselectivity), and ionic short-circuiting in the feed and drain
channels. This loss in faradaic efficiency can be as high as 50% in a typical closed loop RED
system in comparison with alkaline water electrolysers where the faradaic efficiency ranges
from 5 to 25% due to other reasons. Assuming a nearly ideal membrane, the faradaic
efficiency is assumed to be 0.90. From Equations (15) and (16), we see that the resistance of
the membrane is inversely proportional to hydrogen production rate at peak power.

3.2.2. Waste Heat/Regeneration System

The regeneration system restores the outlet concentration of the concentrate and
dilute solutions to the corresponding inlet concentrations. It includes a stripping and
an absorption process. The air-stripping column decomposes the outlet solution from
the dilute compartment to a mixture of ammonia and carbon dioxide gas at 333 K. The
absorption unit dissolves the decomposed gases at 293 K at the outlet of the concentrate
channel. The heat required for restoring the concentrations to their original concentration is
the regeneration heat (qreg). The total amount of thermal power required to strip a volume
flow rate of Qlc [m3 s−1] per unit membrane area of ammonium bicarbonate salt from the
dilute solution channel is computed from

Qreg=qAmBQlc Atot
mem × 3600, (17)

where qAmB is the specific thermal duty [kWh m−3] required to decompose ammonium
bicarbonate solution into its components NH4,(g) and CO2,(g). The value was estimated
using the relation from Bevacqua et al. with inlet and outlet concentration C1 and C2 from
the stripping column, respectively:

qAmB = a1ea2·C1 − a3Ca4
2 + a5Ca6

1 Ca7
2 (18)

Here, a1 to a7 are fitting parameters that are functions of C1 [10] .

3.2.3. Levelised Cost of Hydrogen

The model used to estimate the levelised cost of hydrogen (LCH) for the proposed
system was developed previously by Raka et al. [26]. The parameters that have been
changed for the present study are stated below, and we refer to Raka et al for further
details [26]. Parameters used for this study are as follows: Cmem is cost of membrane,
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5–150 € m−2; Cheat is cost of waste heat, 0.01 € kWh−1; ηele is electrolysis efficiency, 0.9; and
tmem is membrane life, 10 years.

4. Results and Discussion

The membrane area resistances were estimated using equivalent circuit modelling
of the data from the impedance measurement using a simple equivalent circuit as shown
in Figure 3. The resistance in series (Rm+ele) is associated with the ohmic resistance from
the membrane and the electrode. A blank cell measurement was performed to estimate
the electrode resistance. This value was subtracted from Rm+ele to estimate the membrane
resistance values. In the following section, the measured values for Rmem will be reported
and discussed.

4.1. Influence of Thickness on Membrane Resistance and Membrane Resistance at
Elevated Temperature

The membrane resistance is not only a material property, it is a ratio between the
membrane thickness and its conductivity. With increasing membrane thickness, the length
of transport pathway increases, and the membrane resistance increases proportionally.
For all of the IEMs considered in this study, we observe a linear relationship between
the membrane resistance and the membrane thickness. This has been shown for anion-
exchange membranes (AEMs) at 295± 2 K and 313± 1 K in Figures 5 and 6, and for the
cation-exchange membranes (CEMs) at the same temperatures in Figures 7 and 8. The
membrane resistance is here found to increase with increasing thickness. A linear regression
was used to fit the resistance as a function of thickness, and the coefficients of these
polynomials and their uncertainties are provided in the Appendix A in Tables A1–A4.
Though the linear equation describes the effect of thickness on the resistance reasonably
well, we observe that there is a high double standard deviation in the resistivity (the slope
of the equation). This is likely to be associated with the high variation in the IEM thickness,
which is difficult to measure for swollen membranes, especially for the APS type (AEM).
The increase in resistance due to increase in thickness is because an ion has to traverse
further through the tortuous path inside of the membrane. Even though the AEMs are
thinner compared to CEMs, in general, the CEM have lower resistances compared to the
AEM. This may be due to the mobility of NH+

4 ions, which is very high compared to the
mobility of HCO−3 ions, as shown in Table 3.

Table 3. Properties of the ions considered in this study.

Ion NH+
4 HCO−3

Hydrated radius [nm] 0.331 0.439
Charge density [mC cm−3] 1.05 0.45
Average polarisability [a.u] 7.91 23.7
Ionic mobility [cm2V−1s−1] 7.71 × 10−4 4.59 × 10−4

The Fumasep membranes with reinforcement—FASPET and FKSPET—have higher
resistances compared to FAS and FKE. The increased resistance can be explained from the
increased thickness (polyester reinforcement). FAS and FASPET follow a similar trend
when it comes to the resistance as a function of the thickness. From Figures 5–8, it is difficult
to evaluate the membranes based on their thickness normalised membrane conductivity or
membrane ohmic resistance, as they give a different prioritisation of which membranes
should be preferred. Although a thinner membrane may show lower conductivity at
different concentrations, the measured membrane resistance of the thinner membranes
can be lower than the thicker membranes with highest conductivity. This is because the
conductive membrane is thicker.

In general, the membrane resistance decreases with increasing temperature. This can
be explained on the basis of the increase in ionic mobility through the membrane which
increases with temperature.
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(a) DSV at 298 K (b) AMV at 298 K

(c) APS at 298 K (d) FAS at 298 K

(e) FASPET at 298 K
Figure 5. Anion exchange membrane (AEM) resistance as a function of thickness for different concentrations at 298 K.
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(a) DSV at 313 K (b) AMV at 313 K

(c) APS at 313 K (d) FAS at 313 K

(e) FASPET at 313 K
Figure 6. AEM resistance as a function of thickness for different concentrations at 313 K.
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(a) CMF at 298 K (b) CMV at 298 K

(c) CSO at 298 K (d) FKE at 298 K

(e) FKSPET at 298 K
Figure 7. Cation exchange membrane (CEM) resistance as a function of thickness for different concentrations at 298 K.
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(a) CMF at 313 K (b) CMV at 313 K

(c) CSO at 313 K (d) FKE at 313 K

(e) FKSPET at 313 K
Figure 8. CEM resistance as a function of thickness for different concentrations at 313 K.
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4.2. Influence of Concentration on Membrane Conductivity

Figure 9 shows how the conductivities of the different AEMs and CEMs change with
concentration. The first conclusion that can be made on the basis of these results is that
the conductivities of the CEMs are typically significantly higher than those of the AEMs.
The mobility ratio of ammonium ions to bicarbonate ions is 1.67, this may explain higher
conductivities in CEM membrane compared to AEM.

The electrolyte concentration influences the various IEMs differently. In the case of
the CEMs, CMF and CSO exhibit the highest conductivities of all the membranes at both
temperatures examined. For the AEMs, APS and DSV have the highest conductivities at
both temperatures. APS and CSO display a clear trend, where the conductivity increases
with increasing concentration.

(a) AEM

(b) CEM
Figure 9. Effect of the solution concentration on the IEM conductivity.
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AMV, DSV and FKE have the lowest conductivities at 0.5 M and 1 M, respectively, and
the conductivities increase/remain constant with further increase in concentration. This
may be due to loss of water through the IEM or shrinkage, causing loss of conduction paths.
In case of FAS, FASPET and CMV, the conductivity decreases with increase in concentration
above 0.5 M, and it is lowest at 2 M. CMF shows almost constant conductivity with increase
in concentration. The exact values of the mean conductivities of the membranes are
reported in the Appendix A in Tables A5 and A6.

4.3. Influence of Membrane Resistance on H2 Production rate and Specific Waste Heat
Required Qreq

After the membrane characteristics have been determined experimentally, it is of inter-
est to study how they influence the performance of a RED stack for generation of hydrogen
by use of waste heat. Based on the measured values, we find that a lower ohmic resistance
for the membranes gives higher hydrogen production rate and lower waste heat required
per kg of hydrogen. The article compares the hydrogen production rate and specific waste
heat required for membranes with the highest conductivity (APS and CMF) with the least
resistance (FAS and CSO). The highest conductivity was found for a stack made with
APS and CMF for 2 M/0.1 M feed solutions concentration. The hydrogen production rate
and specific waste heat required based on APS and CMF membranes were found to be
6.51 × 10−7 kg m−2s−1 and 419 kWh kg−1

H2
, respectively. For a stack made of FAS30 and CSO

membranes as AEM and CEM with the least area specific resistance (Ω m2) for 2 M/0.1 M
feed solutions concentration at room temperature, the corresponding hydrogen production
rate and specific waste heat required is 8.48 × 10−7 kg m−2s−1 and 344 kWh kg−1

H2
. The hy-

drogen production from a RED stack with NaCl solution operating at sea water/river water
concentration of 0.6 M/0.0015 M was theoretically estimated to be 9.64 × 10−7 kg m−2s−1

and artificial NaCl solution with concentrations 4 M/0.017 M was experimentally found to
be 4.94 × 10−8 kg m−2

ele s−1 [27,28]. Compared with the proposed system, the reasons for
low hydrogen production rate can be low permselectivity, high area-specific membrane
resistance, high overpotentials and effect of activity coefficients. In comparison, the con-
ventional electrolysis such as alkaline electrolysers operating at atmospheric conditions
the hydrogen production rate was found to be 2 × 10−4 kg m−2s−1 [29,30]. Therefore, an
increase in the membrane resistance decreases the electrochemical potential of the stack,
and thus the resulting peak power current density decreases. This decrease in current
density decreases the number of hydrogen moles produced due to electrolysis of water
as well. From the previous sections, it is clear that a thinner membrane can have low
area-specific resistance but can be relatively less conducive, for example, FKE. On the
other hand, a thicker membrane can have more resistance but can be relatively highly
conductive, for example, CMF. The results signify that the membrane’s thickness plays
a vital role in improving the hydrogen production rate. In the thermodynamic model to
calculate the peak power density produced, we consider area-specific resistance, and we
emphasise ohmic resistance rather than conductivity. Therefore, a stack made of CMF/APS
has a higher area-specific resistance compared to CSO/FAS and was not chosen as opti-
mum. Furthermore, the decrease in the operating current density causes a decrease in the
amount of salt transported through a membrane due to electro-migration, and decreases
the amount of water dragged along due to electro-osmosis. As the salt flux decreases,
the concentration of dilute solution at the outlet decreases. The decrease in the dilute
solution concentration decreases the waste heat required per unit volume of dilute solution
(qth [kWh m−3]). However, the total waste heat required per kg of hydrogen produced
increases as the volume of the dilute solution at reduced current densities increases due to
a increased number of unit cells required to develop the potential in a stack required for
electrolysis of water.
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4.4. Influence of R on η and LCH

An increase in the membrane resistance decreases the thermodynamic efficiency, η,
and increases the levelised cost of hydrogen (LCH) as shown in the Figure 10. For a
stack made of FAS30 and CSO membranes as AEM and CEM with the least area specific
resistance (Ω m2) for 2 M/0.1 M feed solutions concentration at room temperature, the
thermochemical conversion efficiency was found to be 9.7% and the LCH was estimated to
be 7.80 € kg−1

H2
. The highest conductivity was found for a stack made with APS and CMF

for 2 M/0.1 M feed solutions concentration. The corresponding thermodynamic efficiency
and LCH estimated were 8.00% and 9.99 € kg−1

H2
, respectively. The membranes with a

lower resistance give a higher thermochemical conversion efficiency, lower waste heat
required per kg of hydrogen and lower levelised cost of hydrogen. Thus, with an increase
in membrane resistance, the thermochemical conversion efficiency decreases and the LCH
increases significantly.

Figure 10. Levelised cost of hydrogen (LCH) as a function of membrane resistance for different mem-
brane cost. Here, we assume the membrane resistances Raem = Rcem. CSO and FAS30 permselectivities
were measured and used as input. The membrane cost range assumed for lab, pilot and commercial
scale is 130–150, 50–80 and less than 30 € m−2, respectively. The cost of heating is assumed to be
0.005 € kWh−1 [26]. We assume for the pilot scale, that the material development will lead to cheaper
and less resistive membranes, i.e., SPEEK or carbon-based membranes, and that for the commercial
scale these membranes will be produced at large scale (60 × 108 m2 per year) and reduced thickness
(25µm and maintaining the mechanical strength) which will in turn reduce the cost and resistance
further [26,31,32].

The increase in membrane resistance decreases the performance of the cell by decreas-
ing operating potential and peak power current density. Furthermore, with an increase in
membrane resistance, the amount of heat required to restore the concentrations to original
increases due to the increased amount of solution from the stack needed for same amount
of hydrogen production capacity. Therefore, a decrease in efficiency can be observed. In
the case of LCH, the number of membranes required increases with an increase in the mem-
brane resistance and thus the investment cost and membrane replacement cost increases.
Moreover, an increase in the volume of the outlet solutions increases the capacity of the
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regeneration system, which in turn increases the cost. All these factors cause an increase
in LCH.

5. Conclusions

In the present work, the membrane resistance/conductivity were estimated for mem-
branes soaked in a ammonium bicarbonate salt solution at various concentrations and
different temperatures. It was found that cation exchange membranes (CEMs) have higher
conductivities than anion exchange membranes (AEM) for nearly all of the concentrations
examined (0.1 M, 0.5 M, 1 M and 2 M). For use in combination with reverse electrodialysis,
the highest thickness normalised conductivity was found for a stack consisting of the APS
type AEM and the CMF type of CEM.

In a closed loop ammonium bicarbonate reverse electrodialysis system that uses
these type of membranes in combination with waste heat to generate hydrogen, the hy-
drogen production rate and specific waste heat required based were estimated to be
6.51 × 10−7 kg m−2s−1 and 413 kWh kg−1

H2
. This resulted in a thermodynamic efficiency

of 8.00% and an estimated levelised cost of hydrogen of 9.99 €kg−1
H2

. Of the membranes
examined in this work, the FAS30 type of AEM and the CSO type of CEM were found to
have the smallest area specific resistance. With a closed loop reverse electrodialysis system
with these membranes, the hydrogen production rate and specific waste heat required
are estimated to be 8.48× 10−7 kg m−2s−1 and 344 kWh kg−1

H2
, respectively. This resulted

in a thermodynamic efficiency of 9.7% and an estimated levelised cost of the hydrogen
of 7.80 € kg−1

H2
.

Author Contributions: Conceptualisation, O.S.B. and Y.D.R.; Methodology, O.S.B. and Y.D.R.; Soft-
ware, Y.D.R.; Validation, Y.D.R., O.S.B. and R.B.; Formal Analysis, Y.D.R.; Investigation, Y.D.R.;
Resources, R.B. and O.S.B.; Data Curation, Y.D.R.; Writing—Original Draft Preparation, Y.D.R.;
Writing—Review and Editing, R.B., O.S.B. and Ø.W.; Visualisation, Y.D.R.; Supervision, O.S.B. and
H.K.; Project Administration, O.S.B.; Funding Acquisition, O.S.B. All authors have read and agreed
to the published version of the manuscript.

Funding: The project is funded by the Department of Energy and Process Technology at the Norwe-
gian University of Science and Technology under the project number 70441041.

Data Availability Statement: The data presented in this study are available in Appendix A.

Acknowledgments: This material is based upon work supported in part by the Department of
Energy and Process Technology under the project number 70441041. The authors thank the research
framework ENERSENSE at the Norwegian University of Science and Technology. We would also
like to thank Martin Nord Flote for his help in conducting the experiments.

Conflicts of Interest: The authors declare no conflicts of interest.

Appendix A. The Regression Coefficients

Tables A1–A4 present the regression equations for the resistances as a function of
membrane thickness for the anion-exchange membranes (AEMs) and cation-exchange
membranes (CEMs) as described in Equation (A1). The regression equation is expressed as

R = a · x + b (A1)

where R is the area specific resistance of an IEM [Ω m2], x is the thickness of the IEM [m]
and a,b are the fitting parameters.
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Table A1. AEMs at 298 K.

IEM Concentration (M) Regression (R = a· Thickness + b)

DSV
0.1
0.5
1
2

(1.85 ± 0.22) × +2.26 × 10−4 ± 8.26 × 10−5

(2.04 ± 0.10) × +2.92 × 10−5 ± 4.04 × 10−5

(2.24 ± 0.12) × +2.91 × 10−5 ± 4.30 × 10−5

(1.89 ± 0.80) × +1.01 × 10−4 ± 2.94 × 10−4

AMV
0.1
0.5
1
2

(6.94 ± 0.2) × +4.04 × 10−4 ± 6.79 × 10−4

(7.98 ± 1.06) × −7.64 × 10−5 ± 4.06 × 10−4

(6.45 ± 0.28) × +1.07 × 10−4 ± 3.06 × 10−4

(5.52 ± 0.36) × +2.10 × 10−4 ± 2.54 × 10−4

APS
0.1
0.5
1
2

(3.34 ± 0.12) × +1.55 × 10−4 ± 1.56 × 10−4

(1.52 ± 0.12) × +4.05 × 10−5 ± 4.68 × 10−5

(1.50 ± 0.12) × +1.19 × 10−6 ± 4.82 × 10−5

(1.10 ± 0.14) × +6.98 × 10−5 ± 5.70 × 10−5

FAS30
0.1
0.5
1
2

(3.96 ± 2.46) × +2.27 × 10−4 ± 2.56 × 10−4

(3.01 ± 0.52) × +8.04 × 10−5 ± 5.32 × 10−5

(3.54 ± 0.66) × +5.74 × 10−5 ± 6.70 × 10−5

(5.29 ± 2.04) × +6.54 × 10−5 ± 2.06 × 10−4

FASPET
0.1
0.5
1
2

(8.23 ± 2.14) × −5.79 × 10−6 ± 6.14 × 10−4

(7.81 ± 1.74) × +1.10 × 10−5 ± 4.98 × 10−4

(5.69 ± 0.28) × +1.02 × 10−6 ± 8.14 × 10−5

(8.45 ± 0.90) × − 4.28 × 10−5 ± 2.76 × 10−4

Table A2. CEMs at 298 K.

IEM Concentration (M) Regression (R = a· Thickness + b)

CMV
0.1
0.5
1
2

(0.76 ± 0.00) × +1.09 × 10−4 ± 5.64 × 10−7

(0.73 ± 0.00) × +5.07 × 10−5 ± 3.32 × 10−6

(0.79 ± 0.06) × +4.66 × 10−5 ± 2.16 × 10−5

(0.82 ± 0.10) × +4.90 × 10−5 ± 3.34 × 10−5

CMF
0.1
0.5
1
2

(0.43 ± 0.02) × +8.07 × 10−5 ± 2.44 × 10−5

(0.43 ± 0.01) × +5.20 × 10−5 ± 1.47 × 10−5

(0.40 ± 0.00) × +1.02 × 10−5 ± 4.88 × 10−6

(0.44 ± 0.02) × +7.25 × 10−5 ± 3.58 × 10−5

CSO
0.1
0.5
1
2

(0.95 ± 0.20) × +2.15 × 10−5 ± 6.72 × 10−5

(0.73 ± 0.04) × +3.81 × 10−5 ± 1.50 × 10−5

(0.54 ± 0.02) × +7.02 × 10−5 ± 5.72 × 10−6

(0.54 ± 0.10) × +6.18 × 10−5 ± 3.50 × 10−5

FKE
0.1
0.5
1
2

(2.93 ± 0.52) × +7.47 × 10−5 ± 4.64 × 10−5

(3.36 ± 0.32) × +5.58 × 10−5 ± 2.80 × 10−5

(7.02 ± 5.06) × +4.18 × 10−5 ± 4.46 × 10−4

(4.45 ± 2.76) × +5.45 × 10−4 ± 2.32 × 10−4

FKSPET
0.1
0.5
1
2

(4.66 ± 0.00) × −1.98 × 10−4 ± 0.00
(3.11 ± 0.54) × +7.76 × 10−5 ± 1.60 × 10−4

(5.70 ± 0.58) × − 2.18 × 10−4 ± 1.68 × 10−4

(3.57 ± 0.86) × +1.89 × 10−4 ± 2.52 × 10−4
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Table A3. AEMs at 313 K.

IEM Concentration (M) Regression (R = a· Thickness + b)

DSV
0.1
0.5
1
2

(1.10 ± 0.06) × +1.15 × 10−4 ± 2.36 × 10−5

(1.00 ± 0.06) × +9.51 × 10−5 ± 2.04 × 10−5

(1.14 ± 0.20) × +9.04 × 10−5 ± 7.68 × 10−5

(1.05 ± 0.14) × +8.30 × 10−5 ± 5.64 × 10−5

AMV
0.1
0.5
1
2

(3.85 ± 1.12) × +6.46 × 10−4 ± 3.98 × 10−4

(5.34 ± 1.06) × −1.33 × 10−5 ± 3.24 × 10−4

(4.79 ± 0.86) × −1.52 × 10−4 ± 3.06 × 10−4

(3.69 ± 0.72) × −3.94 × 10−4 ± 2.54 × 10−4’

APS
0.1
0.5
1
2

(3.75 ± 0.06) × +1.30 × 10−4 ± 1.80 × 10−5

(1.15 ± 0.02) × +7.86 × 10−5 ± 8.68 × 10−6

(1.15 ± 0.16) × +3.79 × 10−5 ± 6.12 × 10−5

(0.86 ± 0.08) × +8.04 × 10−5 ± 2.86 × 10−5

FAS30
0.1
0.5
1
2

(1.28 ± 0.04) × +1.28 × 10−4 ± 3.40 × 10−6

(1.21 ± 0.22) × +1.65 × 10−4 ± 2.24 × 10−5

(1.44 ± 0.34) × +7.11 × 10−5 ± 3.70 × 10−5

(1.74 ± 0.06) × +1.10 × 10−4 ± 6.82 × 10−6

FASPET
0.1
0.5
1
2

(4.01 ± 0.18) × − 2.56 × 10−5 ± 5.10 × 10−5

(3.29 ± 0.52) × +1.49 × 10−4 ± 1.50 × 10−4

(2.99 ± 1.62) × +2.05 × 10−4 ± 4.78 × 10−4

(3.75 ± 1.06) × − 1.24 × 10−4 ± 3.12 × 10−4

Table A4. CEMs at 313 K.

IEM Concentration (M) Regression (R = a· Thickness + b)

CMV
0.1
0.5
1
2

(0.57 ± 0.04) × +1.20 × 10−4 ± 1.07 × 10−5

(0.47 ± 0.02) × +1.13 × 10−4 ± 6.84 × 10−6

(0.48 ± 0.02) × +1.06 × 10−4 ± 8.76 × 10−6

(0.48 ± 0.04) × +1.02 × 10−4 ± 1.09 × 10−5

CMF
0.1
0.5
1
2

(0.14 ± 0.00) × +1.23 × 10−4 ± 1.03 × 10−5

(0.34 ± 0.04) × +8.09 × 10−5 ± 4.20 × 10−5

(0.33 ± 0.04) × +7.76 × 10−5 ± 6.42 × 10−5

(0.35 ± 0.02) × +8.92 × 10−5 ± 2.66 × 10−5

CSO
0.1
0.5
1
2

(0.43 ± 0.02) × +1.27 × 10−4 ± 4.97 × 10−6

(0.33 ± 0.04) × +1.08 × 10−4 ± 1.23 × 10−5

(0.34 ± 0.00) × +9.98 × 10−5 ± 2.04 × 10−6

(0.32 ± 0.06) × +1.14 × 10−4 ± 1.71 × 10−5

FKE
0.1
0.5
1
2

(1.72 ± 0.94) × +1.34 × 10−4 ± 8.64 × 10−5

(1.71 ± 0.88) × +1.34 × 10−4 ± 7.44 × 10−5

(4.47 ± 0.14) × +4.30 × 10−5 ± 1.26 × 10−5

(3.51 ± 0.60) × +9.97 × 10−5 ± 5.26 × 10−5

FKSPET
0.1
0.5
1
2

(0.79 ± 0.44) × − 2.03 × 10−4 ± 4.84 × 10−5

(2.27 ± 0.46) × − 3.25 × 10−5 ± 1.32 × 10−4

(1.60 ± 0.34) × +6.02 × 10−5 ± 9.74 × 10−5

(3.79 ± 0.04) × − 2.85 × 10−4 ± 1.05 × 10−5
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Table A5. Mean IEM conductivities [Sm−1] at 298 K.

IEM at 298 K Concentration [M] 0.10 0.50 1.00 2.00

AMV 0.14 0.13 0.16 0.18
APS 0.30 0.61 0.67 0.87
FAS 0.25 0.33 0.28 0.19

FASPET 0.16 0.16 0.18 0.16
DSV 0.54 0.49 0.45 0.53
CMF 2.31 3.01 2.48 2.26
CMV 1.31 1.37 1.27 1.21
CSO 1.06 1.38 1.85 1.84
FKE 0.34 0.30 0.14 0.22

FKSPET 0.24 0.32 0.18 0.28

Table A6. Mean IEM conductivities [Sm−1] at 313 K.

IEM at 313 K Concentration [M] 0.10 0.50 1.00 2.00

AMV 0.26 0.23 0.21 0.27
APS 0.24 0.76 1.14 1.25
FAS 0.78 0.83 0.69 0.57

FASPET 0.25 0.30 0.33 0.27
DSV 0.91 1.00 0.88 0.95
CMF 7.23 2.98 3.05 2.82
CMV 1.75 2.11 2.09 2.09
CSO 2.33 2.99 2.93 3.12
FKE 0.58 0.59 0.22 0.29

FKSPET 0.45 0.44 0.62 0.26
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Abstract

The open circuit potential of a reverse electrodialysis cell depends mainly on the mem-
brane permselectivity of the anion and cation exchange membranes and the concentration
gradient. The membrane permselectivity, α, is the ability of the material to selectively
permeate counter-ions and to exclude co-ions through the membrane. In this article we
investigate the influence of the concentration of ammonium bicarbonate on the α-value of
cation and anion exchange membranes. We determine the permselectivity of the cation
exchange membrane of type CSO and anion exchange membrane of type FAS30 for the
concentrations 0.5 M/0.1 M, 1 M/0.1 M and 2 M/0.1 M and find that the permselectivity
of the membranes decreases with increasing concentration. The α-value of the cation ex-
change membrane, CSO was higher compared to the anion exchange membrane, FAS30.
The junction potentials influence the open circuit membrane potential measurements.
We propose a method to reduce the influence of junction potential by introducing salt
bridges. We find that the concentration of ammonium bicarbonate solutions in the salt
bridge influences the junction potential measurements, but without any clear trend. To
gauge the role of the permselectivities in the use of reverse electrodialysis for production
of hydrogen by use of waste heat, we use a thermodynamic and an economic model to
study the impact on the hydrogen production rate, waste heat required, thermochemical
conversion efficiency and the levelised cost of hydrogen. The models show that an in-
crease in permselectivity increases the hydrogen production rate and the thermochemical
conversion efficiency. It also decreases the heat required per kg of hydrogen to restore
the concentrations of the effluent solutions to original and reduce the levelised cost of hy-
drogen. The estimated values for hydrogen production rate, thermodynamic efficiency,
specific waste heat and the levelised cost of hydrogen are 8.05·10−7 kg m−2s−1, 9.1%,
365.87 kWh kg−1

H2
, 10.132 € kg−1 H2 respectively.

Keywords: Reverse electrodialysis (RED), permselectivity, membrane resistance,
membrane conductivity, ion exchange membrane, hydrogen production, ammonium
bicarbonate, low grade waste heat to hydrogen.
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