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Preface

This thesis is submitted as a partial fulfillment of the requirements for the PhD-degree at the
Norwegian University of Science and Technology (NTNU) and consists of eight papers. The
work presented in this thesis was carried out at the membrane production facility “Membranes
for Advanced Clean Technologies” (MemfoACT), Heimdal, and Department of Chemical
Engineering, NTNU Trondheim, during 2010-2016. MemfoACT AS was the first company
world-wide to bring regenerated cellulose-based carbon hollow fiber membranes (self-
supported) out of the lab and to the reported technology readiness level (TRL-6). This work is
relevant for research covering aspects like, carbon membrane production process, module
construction, process simulations, vehicle fuel, air separation, and durability of carbon
membranes.

I completed my Bachelors degree in Chemical Engineering from University of Engineering
and Technology, Lahore, in September 2007. Thereafter, I joined NTNU for my Masters degree
in Chemical Engineering. After completion of my master thesis at NTNU, I was employed by
MemfoACT AS in Trondheim in August 2010. While working at MemfoACT, I was in charge
of HYSYS simulations and heavily involved in production of carbon hollow fiber membranes.
However, I was also briefly involved in module construction process, gas permeation testing,
and durability testing of the prepared carbon membranes. Moreover, I was following the carbon
membrane-based biogas upgrading plant at GIOR IKS, a biogas production plant at

Lillehammer.






Abstract

The utilization of carbon membranes (CM) in pilot scale and industrial scale is still unavailable
due to expensive precursor materials and a complex multi-step membrane preparation process
with several variables to deal with. The optimization of these variables is essential to gain a
competent carbon membrane with high performance and good mechanical properties. Previous
work has demonstrated that a low-cost precursor, such as cellulose acetate, can be used to
prepare CM with high gas separation performance at lab-scale. However, the focus of this work
was to develop and optimize a pilot scale process to produce high performance carbon
membranes from cellulose acetate and construct semi-industrial scale modules (0.2-2 m?) for
CO2-CH4 and O»-N; separation.

A pilot scale facility with annual production capacity of 700 m> CM was developed and the
production process was optimized. A dope solution of cellulose acetate
(CA)/Polyvinylpyrrolidone (PVP)/N-methyl-2-pyrrolidone (NMP) and bore fluid of
NMP/H20 were used in 460 spinning-sessions of the fibers using a well-known dry/wet
spinning process. The spinning parameters, such as dope and bore fluid composition, extrusion
rate, spinneret dimensions, air gap (25 mm), coagulation temperature (23 °C), take up rate (14
m/minute), and solvent exchange methods (water wash and glycerol treatment) to preserve the
pores from collapsing were optimized to achieve maximum yield (based on length, quantity of
good fibers, mechanical properties of CM, and separation properties of resulting CM). Direct
carbonization of cellulose acetate hollow fibers (CAHF) will result in discontinuous carbon
(more like a powder) since the intermediate product levoglucosane is not formed during
carbonization, hence CAHF must be deacetylated. Optimized deacetylation of spun-CAHF was
achieved by using 90 vol% 0.075 M NaOH aqueous solution diluted with 10 vol% Isopropanol
for 2.5 hours at ambient temperature. Deacetylated cellulose fibers (CHF) dried at room
temperature and controlled air circulation under RH 80% — ambient overnight gave maximum
yield for both dried CHF as well as CM.

Simultaneous carbonization of thousands of fibers in a horizontal furnace may result in fused
fibers if the carbonization residuals (tars) are not removed fast enough. Quartz tubes and
perforated stainless steel (SS) flat grids were initially used as fiber carriers to carbonize up to
4000 (160 cm long) fibers in a single batch. It was found that number of fused fibers (sticking
together due to residual products) could be significantly reduced by replacing the quartz tubes

with perforated grids. It was further found that improved purge gas flow distribution in the



furnace with perforated grids and a 4-6 degree tilt angle in furnace position permitted the
residuals to flow downward into the tar collection chamber.

Pilot scale module construction process for high pressure and elevated temperature applications
was investigated and is explained in the current work. The prepared modules were tested to
separate CO> at high pressure (2-70 bar feed vs 0.05-1 bar permeate pressure) and elevated
temperature (23-120 °C). Gas permeation results indicated that carbon membranes are hardly
affected by high pressure, but a significant drop in CO; permeability (up to 40%) was observed
at elevated temperature (120 °C) compared to the value at 23 °C. The gas permeation properties
of carbon membranes were enhanced (modified) by changing the pore geometry using:
oxidation, chemical vapor deposition (CVD) and reduction processes. Maximum CO>
permeance value for a modified carbon hollow fiber module was recorded to be up to 50,000
times higher and CO»/N> selectivity 40 times higher as compared to prior to modification.

A pilot-scale separation plant based on these carbon hollow fiber membranes for upgrading of
biogas to vehicle fuel quality was constructed and operated at the biogas plant, GIOR IKS,
Lillehammer Norway. Vehicle fuel quality was successfully achieved in a single stage
separation process. The fuel quality was as according to Swedish legislation as this is setting
the standard.

To understand membrane lifetime and durability of CHF under harsh conditions, CHF were
exposed to biogas for almost one year with a H2S content extending from 0-2400 ppm. Gas
permeation tests for the single gases, N2, CO2, CH4, and O were analyzed periodically at the
membrane production facility. CHF storage methods under miscellaneous dry environments
like air, vacuum, CO», etc. were studied. The air flow through the bore side of the CHF under
controlled conditions had a regenerative effect on the membrane permeability, and the
membrane performance was quite steady until after 150 days under controlled laboratory
environment.

Some experiments were performed to explore the potential of regenerated cellulose-based
carbon membranes with respect to air separation. It was observed that O, permeability
increased exponentially with increase in operating temperature without significant loss in the
02/N; selectivity. The Oz permeability of 10 Barrer with O2/N; selectivity of 19 was achieved
at 68 °C. Chemisorption of oxygen on the active sites of carbon limits the use of carbon
membranes in air separation application. A novel online electrical regeneration method was
applied to prevent the active sites at the carbon surface to be reacting with O> while the
membrane was in operation. This method reduced the aging effect, and the membrane showed

a relative stable performance with only 20% loss in O» permeability and 28% increase in O2/N>



selectivity, over the period of 135 days while using various feeds containing H>S, n-Hexane
and CO2-CH4 gas.

Aspen HYSYS® interfaced with ChemBrane (in-house developed model) was used to perform
the simulations for carbon membranes in applications of biogas upgrading to vehicle fuel,
natural gas sweetening, and air separation market. The simulation results were used to estimate
the total capital investment, production cost, and net present values of different carbon
membrane-based separation plants. The cost evaluation and sensitivity analysis showed that
carbon membranes have a nice potential to compete with commercially available polymeric
membranes (polyimide and cellulose acetate) in biogas and natural gas applications. However,
to be fully competitive with cryogenic distillation and PSA in air separation market, the
membrane cost needs to be reduced and the mechanical strength of CM must be increased to

maximize the lifetime of the carbon membrane.
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Outline of thesis

This thesis consists of two parts and the first part includes 9 chapters. However, the second part
contains appendices that comprises of some supporting information and publications. The short

description of each chapter is as follows:

PartI:

Chapter 1: is a brief introduction to the research objective and the company (MemfoACT AS).
Chapter 2: gives a short theoretical background of gas separation membranes and principal
markets of these membranes.

Chapter 3: provides brief background information about the carbon molecular sieve membrane
(CMSM), preparation of CMSM, module construction, transport mechanisms, durability and
aging, regeneration, and potential applications of carbon membranes.

Chapter 4: describes the details about equipment’s, methods, and procedures used in this work
for different processes involved in preparation of pilot scale carbon membrane modules. This
chapter is further divided into six sections. First two sections describe the preparation of
precursor hollow fibers and carbonization procedure of thousands of fibers to produce carbon
membranes. The results of these sections are presented and discussed in paper I and I1. Section-
III-V explains the detailed procedures of pilot scale module construction, gas permeation
testing, and pore size adjustment of prepared membranes. The results of these sections are
discussed in paper IV. Last section of this chapter presents the durability testing, aging
phenomenon in CMSM, and regeneration methods to regain the lost performance during aging.
The results of this section are discussed in paper I1I & VII.

Chapter 5: describes about carbon membrane-based biogas upgrading plant which was
designed, constructed, and operated by MemfoACT AS. The biogas upgrading process and
results of the pilot plant are discussed in detail in paper V & VI.

Chapter 6: discusses the HYSYS simulation and cost estimation methods that were used to
estimate the capital investment and production cost of a carbon membrane-based biogas
upgrading system and air separation system. The details of simulations results and cost
estimation are discussed in paper VI & VIII

Chapter 7: Summarizes and discuss the main findings from the eight submitted papers as part
of this thesis. This chapter has been divided into three sub-parts. The first part discusses the
results of membrane synthesis and durabilty-aging of prepared membranes under

miscellaneous evironments (Paper I-III). Second part discusses the pilot scale module

Xi



construction, CVD, regeneration of membranes, and applications of preparaed CHFM (Paper

IV, V, and VII). The third part of this chapter discusses the findings from HYSYS simulations

when interfaced with Chembrane to evaluate optimal membrane area and energy requirement

for different applications of CHFM (Paper VI & VIII).

Chapter 8: is conclusions from this research work

Chapter 9: based on experience obtained from pilot scale production of carbon membranes, the

chapter discusses the suggestions for future work towards commercialization.

Part I1:

Appendix A: List of all the equipment’s and suppliers that were used at MemfoACT
facility

Appendix B: Cross section of cellulose acetate (CA) and carbon fibers while using
different compositions of precursor solution

Appendix C: Production cost of carbon membranes at lab, pilot, and industrial scale
Appendix D: Photos of different equipment’s and their components

Appendix E: Paper I- Pilot — Scale production of carbon hollow fiber membranes from
regenerated cellulose precursor: Optimal conditions for precursor preparation
Appendix F: Paper II- Pilot — Scale production of carbon hollow fiber membranes from
regenerated cellulose precursor: Carbonization procedure

Appendix G: Paper III- Regenerated cellulose-based carbon membranes for CO-
separation; Durability and aging under miscellaneous environments

Appendix H: Paper IV- CO; separation with carbon membranes in high pressure and
elevated temperature applications

Appendix I: Paper V- Vehicle fuel from biogas with carbon membranes; a comparison
between simulation predictions and actual field demonstration

Appendix J: Paper VI- Techno-economical evaluation of membrane based biogas
upgrading system: A comparison between polymeric membrane and carbon membrane
technology

Appendix K: Paper VII- Carbon membranes for oxygen enriched air —Part I: Synthesis,
performance and preventive regeneration

Appendix L: Paper VIII- Carbon membranes for oxygen enriched air —Part II: Techno-

economic analysis
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Nomenclature

Symbol Explanation Unit/value
Latin characters
A Membrane area; constant of polymer-penetrant system  m?; -
a constant -
B Constant of polymer-penetrant system -
b Langmuir affinity parameter; constant bar’!; -
c concentration of component i; constant mol m; -
D diffusion coefficient m?s’!
d kinetic diameter; d-spacing nm; A
E activation energy kJ mol™!
e electron charge; width 1.602x10°C; m
f fugacity Bar
h Planck constant 6.626x103* J s
J flux mol m?s!
K Boltzmann constant 1.381x10 2 JK!
k kinetic rate constant s!
L average micropore width; Length of material A
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1. Introduction

1.1. Background

The development of effective separation and purification technologies that are robust and have
much smaller energy requirements are undeniably needed to pause the growing demand of
energy [1, 2]. The challenge of developing efficient separation technologies for capture or
removal of carbon dioxide (CO.) from other gases is significant for several reasons: Firstly due
to its involvement in climate change, then CO: is an impurity in natural gas, biogas, syngas
(the main source of hydrogen in refineries) and many other gas streams [3].

Conventional methods for CO» separation are based on reversible absorption, such as amine
scrubbing, but these processes are energy intensive and pose environmental concerns [4].
Membrane processes have been considered as suitable processes for gas separation due to their
simple operation, relatively low cost, compact design and high efficiency [5]. Polymeric
membranes have been commercially produced for gas separation processes since 1980s [6].
However, plasticization, poor chemical durability, and insufficient thermal resistance of
polymeric material, have restricted their applications and led the researchers to explore new
robust and competent novel materials.

Among many other new membrane materials, carbon is one class of material that can provide
attractive solutions to the above-mentioned problems of polymeric materials. Carbon
membranes (CM) are usually prepared by carbonization of the precursor membranes at high
temperature (550 — 850 °C) under vacuum or in an inert environment (Ar, He or N»). Gas
permeation properties of CM are affected by the type of precursor chosen and carbonization
conditions. The concept of carbon membrane is well known and tested out. Ash et al. [7, §]
compressed nonporous graphite carbon into a plug and called it carbon membrane in early
seventies. The practical usefulness of carbon membrane was however realized in the beginning
of eighties for the first time by the work of Koresh and Soffer [9] who carbonized many
thermosetting polymers to produce carbon molecular sieve membranes (CMSM). The
separation properties of prepared carbon membranes depend largely on the type of their
polymeric precursor. Several polymers have been extensively studied to produce carbon
membranes, which includes polyimides, polyetherimide, phenolic resin, cellulose, among
others. Nevertheless, most of the polymeric precursors used to produce carbon membranes are
expensive, environmentally non-degradable, and most of them are exclusively obtained only

at laboratory scale [10-19].



Although there is an increasing interest academically in CMSM research activities, there has
been limited commercial success reported. Carbon Membranes Ltd. (Israel) proved that carbon
hollow fiber modules could be produced on pilot scale using a complex multistep production
method [20]. Their membranes showed potential for some separations, such as SF¢ recovery in
dielectric environments, but the business unfortunately had to close down [21].

Regenerated cellulose based carbon hollow fiber membranes (CHFM), exhibiting excellent
permeation properties, were developed by Department of Chemical Engineering at NTNU [22].
Membranes for Advanced Clean Technologies (MemfoACT AS), was a spin-off company
established in 2008 to commercialize these membranes. A pilot scale facility was set up in
Trondheim, Norway to produce CHFM from regenerated cellulose precursor with annual
production capacity of 700 m? of carbon membranes.

The produced CHFM were installed on a pilot-scale plant (designed and built by MemfoACT
AS) for upgrading 60 Nm*/hr of raw biogas to vehicle fuel at the biogas field, GIOR IKS,
Lillehammer, Norway. MemfoACT AS was the first company world-wide to bring regenerated
cellulose-based (self-supported) carbon hollow fiber membranes out of the lab and to the
reported technology readiness level (TRL-6). However, the company had to close down in
2015 — due to lack of investors, but all the valuable experience with respect to scaling up from
lab to commercial modules within the field of hollow fiber carbon membranes, should be

shared with fellow researchers, as is the motivation for this doctoral thesis as stated below.

1.2. Motivation and research Objectives
The motivation of writing this thesis is to document a comprehensive summary of the
production process of carbon hollow fiber membranes on pilot scale, and to review and discuss
for publication results from this development which was done at MemfoACT AS and NTNU.
This information is judged to be remarkably helpful for further development in the field of
carbon membranes.
The objectives for this development were to use a relatively low cost, easily commercially
available, and environmentally friendly precursor to:

e produce carbon hollow fiber membranes at semi-industrial scale

e develop industrial module design for high pressure and elevated temperature

applications
o design the process, construct, and deliver the plants for CO;-CHy and O:-N:

separation processes



In this PhD work the above-mentioned development is documented and results discussed. Also,
the engineering behind the scale-up process of MemfoACT AS facility and the performance of
the produced carbon membranes in different gas separation applications, e.g. CO2-CH4 (in
natural gas and biogas) and O2-N» (for O: enriched air) are presented. Based on gained
experience from this semi-industrial scale production of carbon membranes, this work also
discusses the current drawbacks (high costs, aging issues, and mechanical brittleness) of carbon
membranes and proposes a few recommendations for future research. In this thesis, the focus
is on carbon membranes from regenerated cellulose precursor at semi-industrial scale facility.
However, other materials may also be used as precursors for membranes, and references are

provided, wherever required, for the other materials.

1.3. Main contribution of the author

The author of this thesis was heavily involved in all production steps of carbon hollow fiber
membranes along with Dr. Jon Arvid Lie - (dope formation, spinning of cellulose acetate fibers,
pre-treatment processes, deacetylation, drying of cellulose fibers, and carbonization). The
author was also briefly involved in module construction process, gas permeation testing, and
durability testing of the prepared carbon membranes under the supervision of Dr. Arne
Lindbréathen. All HYSYS simulations were performed by the author. Moreover, he was also
following the carbon membrane-based biogas upgrading plant at GIOR IKS, a biogas

production plant at Lillechammer.

1.3.1. Contribution to the papers

Paper I- Pilot — Scale production of carbon hollow fiber membranes from regenerated

cellulose precursor: Part I- Optimal conditions for precursor preparation

The paper is written by Shamim Haider. The spinning of hollow fibers was performed by
Shamim Haider and John Anders Hamnes under the supervision of Dr. Jon Arvid Lie. Pre-
treatment, deacetylation, and drying of hollow fibers was done by Shamim Haider. The rest of
the authors were involved in the project and contributed to the manuscript structuring and
revisions.

Paper II- Pilot — Scale production of carbon hollow fiber membranes from regenerated

cellulose precursor: Part II- Carbonization procedure

The paper is written by Shamim Haider. The carbonization was performed by Dr. Jon Arvid
Lie and Shamim Haider. The rest of the authors were involved in the project and contributed

to the manuscript structuring and revisions.



Paper III- Regenerated cellulose-based carbon membranes for CO; separation; Durability

and aging under miscellaneous environments

The paper is written by Shamim Haider. The experiments were performed by Dr. Arne
Lindbrathen, Dr. Jon Arvid Lie, Shamim Haider, Cathrine Hval Carlsen, and Ingerid Caroline
Tvenning Andersen. The rest of the authors were involved in the project and contributed to
the manuscript structuring and revisions.

Paper IV- CO; separation with carbon membranes in high pressure and elevated temperature

applications

The paper is written by Shamim Haider. The experiments were performed by Dr. Arne
Lindbrathen, Shamim Haider, Dr. Jon Arvid Lie and Ingerid Caroline Tvenning Andersen. The
rest of the authors were involved in the project and contributed to the manuscript structuring
and revisions.

Paper V- Vehicle fuel from biogas with carbon membranes; a comparison between simulation

predictions and actual field demonstration

The paper is written by Shamim Haider. The experiments were performed by Arne
Lindbréthen, Jon Arvid Lie, Petter Vattekar Carstensen, Thorbjern Johannessen, and Shamim
Haider. The rest of the authors were involved in the project and contributed to the manuscript
structuring and revisions.

Paper VI- Techno-economical evaluation of membrane based biogas upgrading system.: A

comparison between polymeric membrane and carbon membrane technology

Shamim Haider performed the simulations and wrote the paper. The rest of the authors
contributed to the manuscript structuring and revisions.

Paper VII- Carbon membranes for oxygen enriched air —Part I: Synthesis, performance and

preventive regeneration

The paper is written by Shamim Haider; The experiments were performed by Dr. Arne
Lindbrathen, Dr. Jon Arvid Lie, and Shamim Haider. The rest of the authors were involved in
the project and contributed to the manuscript structuring and revisions.

Paper VIII- Carbon membranes for oxygen enriched air —Part II: Techno-economic analysis

Shamim Haider performed the simulations and wrote the paper. The rest of the authors

contributed to the manuscript structuring and revisions.



2.  Theoretical background

This chapter provides a short introduction of the gas separation membranes and principal

markets of these membranes.

2.1.  Gas separation membranes

Membrane is a perm selective barrier which separates two phases and restricts transport of
various molecules in a selective manner. Various mechanisms that cause this separation
include: solution/diffusion, Knudsen diffusion, capillary condensation, and molecular sieving.
Membrane materials can be organic (polymeric) or inorganic (carbon, zeolite, ceramic, glass

or metallic) [23]. A simple flow diagram of a membrane process is shown in figure 2.1.

Feed Retentate
)y P, (high — pressure side) —
qy) Xp A Xy

pp (low — pressure side)

l Permeate
p: Xp

Figure 2.1: A simple flow diagram of a membrane process, with symbols for the equations
[see list of symbols]

The key characteristic of membranes that determines the mechanism for transporting permeate
molecules is whether the membranes are classified as either porous or dense (membrane with
no detectable pores) [24]. As stated, carbon membranes are in the group of inorganic porous
membranes and may have varying pore size. For porous membranes, the pore size distribution
determines the size of particles (molecules at the smallest scale) that can pass through the

membrane, as shown in table 2.1 [25].

Table 2.1: Porous membrane classification

Process classification Pore size range Filtration classification
Macroporous > 50 nm (500 A) Microfiltration
Mesoporous 2-50 nm (20-500 A) Ultrafiltration
Microporous 1-2 nm (10-20 A) Nanofiltration
Nanoporous <1nm (10 A) Molecular sieving

A simplified representation of porosity in a solid is shown in figure 2.2. The diagram and

following description is taken from Rouquerol et al. (1994) [26].



Figure 2.2: Schematic cross-section of a porous solid [26]

The first category of pores is those totally isolated from their neighbors, as in region (a), which
are closed pores. Pores which have a continuous channel of communication with the external
surface of the body, like (b), (¢), (d), (e) and (f), are open pores. Some may be open at one end
only, like (b) and (f); they are then described as blind pores. Others may be open at two ends
(through pores), like around (e). These pores are responsible for gas permeation in carbon
membranes. Pores may also be classified according to their shape: they may be cylindrical
(either open (c) or blind (f)), bottle shaped (b), funnel shaped (d) or slit-shaped. Related to, but

different from porosity is the roughness of the external surface, represented around (g).

2.2.  Basic principles of membrane gas separation

One of the first milestones in the history of membrane formation was done by Fick in 1855,
making symmetric (homogenous structure throughout the membrane) nitrocellulose films. This
work resulted in the formulation of the well-known Fick’s (equation 2.1) first law giving the

flux J of a component A through a plane perpendicular to the direction of diffusion:

dcy

J, = —p, % 2.1

—Dy
dx,

Where Dy is the diffusivity of the component A and dCA/ d xAis the driving force. Symmetric

membranes suffered from low flux, but Loeb et al. [27] managed to produce asymmetric
(gradual change in structure throughout the membrane) cellulose acetate membranes to be used
for reverse osmosis in 1963. Those membranes had a reasonable flux because of thin,
separating top-layer. Since then lots of membrane materials have been developed for a variety

of separations.



In membrane processes, the driving force across the membrane could be, a partial pressure
difference chemical potential difference, or an electrical potential difference. The permeability
P of a gas through the membrane is a thickness and driving force normalized flux. The driving
force in gas permeation is the partial pressure difference of the permeating component,
therefore, the permeability [24], P4, of a component A is given as the product of its diffusivity,
D, [m?/s], and its solubility coefficient, Sy [m*(STP)/(m*(mat.) bar].

PA = DASA (22)

Permeability is often given in the unit Barrer. Conversion factor between Barrer and other units
is given in list of symbols.
The solubility, ¢, [m*(STP)/m3(mat.)], of a gas A in a material can be described by Henry’s

law,
Ca = SaPa (2.3)

Where p, is the external gas pressure [Pa]. With reference to Fick’s law (equation 2.1) the flux
of component A may be calculated by inserting equation 2.2 and 2.3 and integrating. Hence,
with partial pressure ps, on the feed side (figure 2.1), with penetrant concentration in the
membrane material cg4, and partial pressure of permeate side pp,4, With concentration cpy.
Substitution of equation 2.3 into 2.1 and integration along the membrane thickness € gives

equation 2.4.

qpXpa  DyS P
Ja = pAp = ;A (pfA - PpA) = 7A (Pfxra — DpXpa) (24)

Where g, is the permeate flow rate [m*(STP)/h], Xp is the permeate mole fraction and A is the
membrane area [m?]. Hence, the flux of a component through a membrane is proportional to
the trans-membrane partial pressure difference, and inversely proportional to the membrane
thickness. The factor P/ ¥ is called permeance, and is a practical property to use, because the
lowest possible thickness differs from material to material. An optimized permeance will thus
give an indication of the potential of the membrane to be used in a scaled-up process.

Permeance should be used for asymmetric or composite membranes, while permeability (an



intrinsic material property) should only be used for isotropic structures, or when the thickness
of separating membrane layer is known.

The ideal separation factor (also referred as perm-selectivity), a is the ratio of the permeability
of component A to that of component B where a perfect vacuum exists at the downstream

membrane face.

@y, =5 (2.5)

For a gas mixture (binary mixtures only), the separation factor is the ratio of the compositions,
x, of components A and B in the permeate relative to the composition ratio of these components

in the retentate:

X
s

(ZA/B = W (2.6)
B

2.3. Principal markets of gas separation membranes

In 1980, Permea (now a division of Air Products) launched its hydrogen-separating Prism
membrane. This was the first large industrial application of gas separation membranes. Since
then, membrane-based gas separation has grown into a $150 million/year business, and
substantial growth in the near future is likely [6]. A list of principal gas separation applications
and the approximate market size of each application is given in table 2.2.

Although numerous new polymer materials have been reported in the past few years and many
have significantly higher separation performance than those in table 2.2. Yet, only eight or nine
polymer materials are in use so far to make at least 90% of the total installed gas separation
membrane base. Thus, it is surprising that, so few materials are actually used to make industrial
membranes. However, permeability and selectivity are only two of the criteria that must be met
to produce a useful membrane; other criteria include the ability to form stable, thin, low-cost

membranes that can be packaged into high-surface-area modules (m?/m?).



Table 2.2: Principal Gas Separation Markets, Producers, and Membrane systems [5]

Company Principal markets/estimated annual Principal membrane material Module type

sales used

Large gas companies

Permea (Air Products) s Polysulfone hollow fiber
Medal (Air Liquide) nitrogen/air ($75 million/year) Polyimide/polyaramide hollow fiber
IMS (Praxair) hydrogen separation ($ 25 million/year) polyimide hollow fiber
Generon (MG) \§ tetrabromo polycarbonate hollow fiber
Mostly natural gas

W.R. Grace e cellulose acetate Spiral-wound
Separex (UOP) cellulose acetate spiral-wound
Cynara (Natco) separations, CO,/CH,4 ($30 million/year), cellulose acetate hollow fiber
Vapor/gas separation ~

Aquilo e polyphenylene oxide

Parker-Hannifin polyimide hollow fiber
GKSS Licensees air dehydration ($20 million/year plate-and-frame
ABB/MTR \§ Perflouro polymers, silicon rubber  spiral-wound

In 1991 Robeson [28] established upper bounds in the selectivity-permeability plots of several
gas-pairs by compiling experimental data for many polymeric materials. Although the
boundary lines have shifted in the desirable direction after nearly 20 years’ research efforts, the
achievements have not yet been truly spectacular. Attention of membrane research community
was then later also focused on inorganic and mixed matrix materials, such as silica, zeolite and
carbon, which exhibited molecular sieving properties. Remarkable improvements have been
made in terms of the selectivity-permeability plot but the exploitation of these materials for the
practical application remains underachieved primarily due to their poor processability for
scaling up. Currently, 26 companies are manufacturing inorganic membranes and most of them
were introduced to the market over the last 5 or 10 years. List and details of these membrane
manufacturing companies can be found in the reference [29]. The Robeson plot was revised
again in 2008 [30]. Figure 2.3 presents the prior upper bound (1991) and revisited upper bound
(2008) for separation of gas pair O2/Na.
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Figure 2.3: Robeson upper bound for gas pair O»/N: (comparing separation performance of
dense polymer membranes [30] with carbon membranes [31-35]). Data for CMSM and
industrial applicability region [32] was added to the original Robeson plot. However, data
for mixed matrix membranes and surface modified membranes can be found in [36].
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3. Carbon molecular sieve membranes

Carbon molecular sieve membranes (CMSM) are the focus of the work presented in this thesis.
CMSM have been studied in more than three decades as a promising candidate for energy-
efficient gas separation. Strong interests have been in the preparation of CMSM for gas mixture
separation such as CO2-N3, 02-N, and CO,-CH4. These membranes can be divided into two
categories: unsupported/self-supported (flat film, hollow fiber, and capillary tube
configurations) and supported (flat film and tube configuration). Self-supported carbon hollow
fiber membrane is the focus in this work however, detailed description of other configurations
can be found in [29].

The focus of this chapter is to introduce background information about preparation of carbon
membranes (CM), transport mechanisms in CM, aging and regeneration of CM, and potential
applications of CM. A short overview of MemfoACT AS company is also provided in the last

section of this chapter.

3.1.  Structure and preparation of carbon molecular sieve

Bisco and Warren [37] introduced the concept of turbostratic order for graphitic carbons. The
carbon consists of turbostratic groups, where each group has several graphite layers stacked
together roughly parallel and equidistant, but with each group having a random orientation as
shown in figure 3.1. Packing imperfection between the stacked layers contains slit-like pores
which give rise to the molecular sieving structure and have a bimodal pore size distribution.
The edges of adjacent stacked layers are believed to make the slit-like ultra-micropores
(£0.7nm), while micropores (0.7-2nm) are formed between the planes due to the random
orientation of the adjacent carbon sheets [6]. The gases may diffuse through the pores, or they
may adsorb on the walls and travel through the pores by a mechanism known as surface flow
[38]. The bigger, more strongly adsorbed molecules may also block the pores of smaller
molecules in a phenomenon known as competitive adsorption or selective surface flow. This
results in reverse selectivity; the smaller components are retained.

CMSM are prepared by the thermal decomposition, in a controlled chemical environment, of
organic compounds that do not melt or soften during carbonization [38-40]. Precursors include
thermosetting resin, graphite, coal, pitch and plants and synthetic polymers [41]. Synthetic
polymers include polyimide and derivatives, polyacrylonitrile, phenolic resin, polyfurfuryl

alcohol, polyvinylidene chloride — acrylate terpolymer and phenol formaldehyde [42].
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Figure 3.1: Structure of turbostratic graphite [37]

A block diagram for the pilot-scale production of CHFM from cellulose acetate is presented in
Figure 3.2. Also, Figure 3.3 presents the comparison between CHFM and polymeric hollow
fiber membrane.

Geiszler and Koros [43] reported that an inert gas (Ar, He or N2) atmosphere resulted in more
open, but less selective CMSM matrix compared to vacuum carbonization. They explained this
with acceleration in the carbonization process due to increased gas phase heat and mass
transfer. By increasing the final temperature in polyimide carbonization from 550 °C to 800 °C
(in vacuum or He gas), the authors observed that a decrease in permeance while selectivity
increased. Precursors for CMSM include thermosetting resin, graphite, coal, pitch, plants and

synthetic polymers [41].

Polymer Additives

e

‘Water bath

Solvent

Mixing-Dope solution

Take-up

Filtering and Spinning I
degassing el

——
Clamping
Tension

Glycerol bath

Bore solution
(water+solvent) : l :

~~——

Deacetylation bath

T

) — ——

. Quality D After-wash
e i Carbonization i control Tyme
~—

making

Potting

Figure 3.2: Block diagram for the pilot-scale production process of CM from CAHF
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Figure 3.3: Comparison of (a) carbon hollow fiber membrane with (b) polymeric hollow fiber
membrane [41]

Koresh and Soffer [40] summarized the benefits of CMSM compared to polymeric membranes:

e CMSM have a different permeation mechanism and may produce far superior
permeability-selectivity combinations than any known polymer membrane.

o Different pyrolysis conditions can be used to tailor the micropore structure for different
separation purposes, starting from the same precursor.

o They are far more stable at high temperatures than polymers and may be suited to high-
temperature applications as shown in table 3.1.

e They are more stable in the presence of organic vapors at high temperatures, organic
solvents and non-oxidizing acid or base environments.

e They are mechanically stronger and can withstand higher pressure differences for a

given wall thickness.

Table 3.1: Thermal stability of carbon membranes in the presence of various gases [40]
Gas He H: CH4 CO: (07)

Temp.°C 700 >500 500 400 <200

The disadvantages mentioned were:

e Carbon membranes are more brittle and may require special handling.

e Strongly adsorbing organic vapors may block the pore system, requiring a pre-purifier.
However, this may be avoided by operating at higher temperatures.
The focus of this thesis is the semi-industrial scale production of carbon hollow fiber
membranes from regenerated cellulose. Flat sheet carbon membranes derived from cellulose
have been investigated by Lie [22] at the Norwegian University of Science and Technology

primarily for use in biogas upgrading application. Whereas, carbon hollow fiber membranes
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derived from regenerated cellulose have been investigated on laboratory-scale by He [44] in

the same university for use in CO; separation applications.

3.2. Carbon membrane module construction

MemfoACT AS developed a pilot-scale CHFM module design for high pressure and elevated
temperature applications. Membrane module construction is, however, seldom referred in open
literature as details on this will typically be confidential information for a company producing
membrane modules. To date, only tubular and hollow fiber lab-scale modules have been
reported for carbon membranes. The potentially industrial use of these membranes was
reported by two companies; Carbon Membranes Ltd. (Israel) in the late nineties, and later Blue
Membranes GmbH (Germany). Carbon Membranes Ltd. Produced hollow fibers on pilot scale
and demonstrated successful operation in various applications, while Blue Membranes
developed a new concept based on honeycomb membrane module configuration (HM) [45] for
their carbon membranes. None of these companies succeeded in taking their carbon membranes
all the way to the market. Saufi S. M. et al. [41] reported that all system designs for module
must consider the factors of production cost, maintenance, and efficiency. A typical lab-scale
CHFM module is shown in figure 3.4 (Swagelok tubing was used in this study, but any tubing

within a given wall thickness and roundness can be used).

SS-Swagelok tubing

Swagelok unions

Carbon hollow fiber
Permeate

Retentate Feed gas

Figure 3.4: A schematic of lab-scale CHFM module

3.3. Post treatment of carbon membranes

Upon pyrolysis polymeric membranes are transformed into carbon membranes with varying
degrees of porosity, structure and separation properties that depend to an extent on the pyrolysis
conditions. In some cases, it is found to be advantageous that the pore dimension and its
distribution in a carbon membrane are finely adjusted by a simple thermochemical treatment

to meet different separation needs and objectives [46]. The increase in performance
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(permeability and selectivity of a preferred gas) of the membrane cuts the capital cost, as less
area is required to treat the same volume of gas. Numerous methods are being used to enhance
the performance of carbon membranes and most of them involve changing precursor, precursor
geometry, and pyrolysis conditions. Variations in these factors offer desirable carbon
membrane morphology and tailored microstructure resulting in desired permeation properties
[11, 38, 47-53].

Typically, when a membrane is exposed to an oxidizing atmosphere after the pyrolysis step,
the ensuing oxidation increases the average pore size [29, 54-56]. The oxidation of carbon
membranes can be performed using pure oxygen, oxygen admixed with other gases, air, or
other oxidizing agents such as steam, carbon dioxide, nitrogen oxides and chlorine oxides or
solutions of oxidizing agents such as nitric acid, mixtures of nitric and sulfuric acids, chromic
acid and peroxide solutions at elevated temperatures [56]. The selectivity of a carbon
membrane may be increased through the introduction of organic species into the pore system
of the carbon membrane and their pyrolytic decomposition (i.e. chemical vapor deposition,
CVD) [55-58]. Generally, to manufacture carbon molecular sieves, the inherent pore structure
of the carbonaceous precursor is initially tailored into a suitable pore size range by controlling

the thermal pretreatment, followed by a final adjustment of the pore structures by CVD [59].

3.4. Gas transport through carbon membranes

The ability of a porous carbon to separate gases depends on the pore size (distribution) of the
membrane, the physicochemical properties of the gases and surface properties of the pore. The
pore size of a carbon membrane for gas separation is usually within the range of 3.5 — 10 A,
depending on the conditions of preparation of the membrane during the carbonization or the
post-treatment (post oxidation or chemical vapor deposition) [11, 39, 43, 60].

The transport mechanism is basically one of the three mechanisms listed below [61-64].

1) Classical or activated Knudsen diffusion; the square root of the inverse ratio of the
molecular weights gives the separation factor for classical Knudsen as shown in table
3.2.

2) Selective surface diffusion; governed by a selective adsorption of the larger non-ideal
components on the pore surface, hence retaining the smaller components from
permeation.

3) Molecular sieving (configurational diffusion); separation according to molecular size

and shape. All three transport mechanisms are shown in figure 3.5.
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Figure 3.5: Transport mechanisms, depending on the pore size, penetrant and process
conditions [65]

Table 1.2: Porous membrane selectivity under Knudsen flow
Gas components  Molecular weight ratio Knudsen flux ratio

CO2/H: 21.83 1/4.67
CO./CHy 2.75 1/1.66
CO2/N2 1.57 1/1.25
02/N2 1.14 1/1.07

Knudsen diffusion will dominate for the largest pores, and molecular sieving for the smallest
ones. However, different mechanisms may occur simultaneously.

The general equation for all types of diffusion (from equation 2.1) is:

Eq

D = gzlu.exp <_R_T> (3.1)

Where g, is the probability of doing a jump in the right direction, i.e. from the high-pressure
side towards the low-pressure side, with jump length 4 and velocity u. The exponent expresses

the probability that a molecule has sufficient energy to overcome an energy barrier E,[66].

3.4.1. Knudsen diffusion

If the mean free path is very much larger than the membrane pore radius, gas molecules will
collide more frequently with the pore walls than they will with other gas molecules. This
situation is termed free molecule flow, or Knudsen flow. It may be difficult to know exactly
when transport due to Knudsen diffusion is taking place. One way to approach this problem is

to calculate the Knudsen number, Nka, for the system, which is 1/d,,, where 4 is the mean free
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path and dp is the pore size. This means that the mean free path for the molecule, which is
temperature dependent, first must be calculated, and then Knudsen number (Nkx) checked. If
Nkn > 10, the separation can be assumed to take place according to Knudsen diffusion [67].
The classical Knudsen diffusivity Dk of a component is independent of pressure, and can be

calculated from equation 3.2:

D—d” _ G 8RT—485d T 3.2
k= U= 5 |[S-=485.d, | (3.2)

Where d,, is the average pore diameter (nm), u is average molecular velocity (m/s), M is

molecular weight (g/mol) and T is the temperature (K) . The flux can then be calculated

according to:

_ Dg.Ap
Jie = RT¢

(3.3)
Here £ is the effective membrane thickness.

For Knudsen diffusion to take place, the lower limit for pore diameter has usually been set to
dp > 20 A [62, 67]. Gilron and Soffer [63] have however discussed thoroughly how Knudsen
diffusion may contribute to transport in smaller pores, and from a model considering pore
structure, shown that contributions to transport may come from both activated transport and
classical Knudsen diffusion through one specific microporous membrane. Lindbrathen [68]
Showed that permeation of He through a modified glass membrane (dp ~ Inm) was best
described with activated Knudsen diffusion, and not classical, judged from the temperature
dependence. Other permanent gases, like H2, N2 and O, also seemed to follow an activated
Knudsen diffusion through a membrane with porosity € and tortuosity t (ratio of the mean path
length of a penetrant crossing the membrane, and the nominal membrane thickness ?) is given

by equation 3.4:

(P) 4ed, 8 (—Ea) (3.4)
— = ex .
?)ka  3eeNzmmMRT P \RT
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3.4.2. Selective surface flow (SSF)

The driving force for separation according to a surface selective flow is basically the difference
in the concentration of the adsorbed phase of the diffusing components. This means that a large
driving force can be attained even with a small partial pressure difference for the permeating
component. The larger molecules (more condensable, e.g. hydrocarbon) in a gas mixture will
be selectively adsorbed, hence the smaller molecules will be retained due to reduced pore size.
The pore size region where selective surface flow is expected to take place is about 5 A < dp <
10 A; or up to 3 X (diameter of molecule) [62]. The transport of gas molecules through a carbon
membrane can also be described by Fick’s first law as given in equation 2.1 and activated

diffusion was described by an Arrhenius type of equation:

D, = Dy .exp <_—Ed) (3.5

Here E,; is the activation energy for diffusion. Now if Henry’s law is assumed to apply, the

integrated flux equation is written as:

(3.6)

_(Ea,s - Eads)} _ Ap D (—AES)

Js = zppPo exp{ RT

Here D, is a temperature-dependent pre-exponential factor. AE, the difference in transport
activation energy and adsorption energy may be positive or negative. When AE < 0, transport
due to SSF increase with decreasing temperature; with AE¢ > 0, it decreases. In simple words;

adsorption and hence selectivity increase with decreasing temperature [66].

3.4.3. Molecular sieving

Molecular sieving, also referred to as configurational diffusion, is the dominating transport
mechanism in most carbon membrane applications.

This has also given the name to these membranes; carbon molecular sieve membranes. The
pore size is usually within the range of 3-5 A. The dimensions of a molecule are usually
described either with the Lennard-Jones radii or the Van der Waal radii. The sorption selectivity

has little influence on the separation when molecular sieving is considered. Equation 3.6 is still
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valid for the activated transport, but now attention should be drawn to pre -exponential term,

Dy [69].

kT S
= el — 2ad
Dy =el W exp( R ) (3.7)

Where e is the natural logarithmic base number(~ 2.72), 4 is the jump length, k and h are
Boltzmann’s and Planck’s constants, respectively, and S, 4 is the activation entropy for
diffusion. This means that change in entropy will give a significant contribution to increase in
selectivity when molecular sieving is considered. Singh and Koros [70] have discussed it

thoroughly. Flux may be described as:

Ap
Jo= 22 by exp

_Ea,MS)
RT

(3.8)

Here E, s is the activation energy for diffusion in the molecular sieving regime for CMSM.
Nguyen et al. [71] reported that the CMSM presents reasonable sieving effect for gas molecules
with different kinetic diameters, which suggests that the CMSM is predominantly microporous

with no major contribution from Knudsen diffusion or viscous flow in its overall mass transfer.

3.4.4. Separation properties in single gas vs. mixed gas

As opposed to most polymers, carbon membranes may give higher selectivity in mixed gas
tests than in single gas tests. The main reasons for this are that i) carbon shows a very small
degree of freedom of swelling (e.g. in COy) and that ii) the most permeable molecules hinder
some of the least permeable molecules from entering the pore network. However, the
selectivity obtained from mixed gas tests may also be less than from single gas test, if the most

permeable component partly entrains the other component.

3.4.5. System operating conditions

Gas separation performance for a given membrane system is mainly dependent on membrane
permeability and selectivity. However, the operating conditions for a specific process can also
affect the membrane separation performance. One of the most important parameters is the
pressure ratio across the membrane, which is the ratio between the pressure on the feed side

and on the permeate side.
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The component i can only transport through the membrane when the partial pressure in the feed

side (pr) is higher than the pressure in the permeate side (pp):

Yi,
XikDE > Yipbp or 22 < Z—:= ) (3.9

Equation 3.9 indicates that the enrichment of component i can never exceed the pressure ratio,
regardless of the membrane selectivity [65]. The relationship between pressure ratio and the

membrane selectivity can be derived from the Equation 2.4, 2.6, and 3.9 [65, 72].

¢ 1 1 1 1 4\? axir
Yip = 2 Xir t $+ m+ Xir T $+ -1 —4m (3.10)

If the membrane selectivity () is much larger than the pressure ratio (¢), that is, o > ¢, thus

the equation 3.10 can be simplified as
Yip = Xir @ (3.11)

This is generally called the pressure-ratio-limited region, and the membrane separation
performance is mainly controlled by the pressure ratio across the membrane while the
selectivity has only minor effect.

However, if the membrane selectivity is much smaller that the pressure ratio (a << ¢ ), the

equation 3.10 becomes,

axXir

T l-xr (-0 312

YVip

This is called the membrane selectivity-limited region, and the membrane separation
performance is mainly controlled by the membrane selectivity and pressure ratio has minor
effects in this region. In between, both the pressure ratio and the membrane selectivity will
influence the membrane performance.

An example for the dependence of the permeate concentration vs. the pressure ratio and

selectivity was reported by [72] as shown in figure 3.6 and 3.7. The pressure ratio is very
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important for gas separation processes in industrial scale due to the practical limitation of the
pressure ratio. Achieving the high-pressure ratios by compressing the feed side to high pressure
or drawing a high vacuum on the permeate side will significantly increase the energy cost.

Therefore, the practical pressure ratios are typically in the range 5-20 [65].

25
- Selectivity-limited — A - ———— -
s region, Equation (3.12)
5 20—
©
g
o 15 Pressure-ratio- /
o .
g limited region, 7/ Equation (3.10)
] Equation (3.11) 7/
g 10 /
>
2
3
£ 5
[e}]
a

0 | |

1 10 100 1000

Pressure ratio, ¢

Figure 3.6: The dependence of the permeate vapor concentration on the pressure ratio at a
vapor/nitrogen selectivity of 30 and a feed vapor concentration of 1%. Below the pressure
ratio of about 10, the separation is controlled by the pressure ratio across the membrane.
Above the pressure ratio of 100, the separation is controlled by membrane selectivity [72]

N
&)

Pressure-ratio-limited
region Equation (3.11)

no
(=]
|

Selectivity- /
limited region
Equation (3.12) /

—
o

Equation (3.10)

e
o

9]

Permeate vapor concentration (%)

| |
100 1000 10 000
Membrane selectivity, a
Figure 3.7: The dependence of the permeate vapor concentration on selectivity at a pressure
ratio of 20 and a feed vapor concentration of 1%. Below the membrane selectivity of about
10, the separation is controlled by the membrane selectivity. Above the membrane selectivity
of 100, the separation is controlled by the pressure ratio across the membrane [72]

o

s
o

21



3.5.  Durability and aging of carbon membranes

Carbon membranes are known to age, and extended exposure to various molecules such as H>O
and Oz change the effective pore size by physical or chemical sorption, hence modifying the
performance of the membrane. The vulnerability of CMSM to water is a complex phenomenon.
Carbon surfaces are basically hydrophobic; however, the microporous walls of the carbon
membrane will quickly become partially covered with an oxygen containing functional group
which hence results in the membrane having a hydrophilic character. Therefore, once the first
layer of water molecules is adsorbed, adsorbate-absorbate interactions promote further
adsorption of more water through hydrogen bonds [73, 74]. This results in a reduction in
capacity of the membrane, and hence is a serious problem for the industrial application of
carbon membranes as most feed streams contain some humidity. Jones et al. [75] reported that
performance losses were minimum for carbon membranes prepared at 550 °C as compared to
the one pyrolyzed at 500 °C when tested in the range of 23-85% humidity. Xu et al. [76] have
recently reported the importance of physical aging showing that physical aging appears to be
the leading source for rapid changes of transport properties at the early stage after the
membrane fabrication. It may happen due to shrinkage of pores over time to achieve a
thermodynamically stable state. Wenz et al. [77] has recently reported the postsynthetic
modification method to suppress the physical aging by tuning the pores of carbon membranes.
Chemical sorption involves chemical bonds, usually C-O bonds, and the bonding forces here
are stronger than van der Waals forces (physical bonding), making removal of these

components more complex and energy demanding [78, 79].

3.5.1. Regeneration of carbon membranes

Although CM have reported better performance compared to polymeric membranes, the
operational stability and aging are the important issues to be considered for the implementation
of these carbon membranes. CM usually age very rapidly due to physical aging (pore shrinkage
to achieve a thermodynamically stable structure and or physical adsorption of gas molecules)
and or chemical aging (chemical bonding, usually C=0 bonds) [76-79]. This aging effect may
seriously reduce the permeability of a membrane and hence it is still a major problem for the
industrial application of CM in air separation where the membrane is exposed to O> all the
time.

Several techniques have been reported to achieve a stable performance of CM under oxygen

environment. Menendez et al. [78] used thermal regeneration and found that thermal treatment
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of membranes at 120 °C in a vacuum could remove oxygen-containing surface groups from
activated carbons. However, the regenerative effect is very brief because it leaves a surface
with reactive carbon sites that can re-adsorb oxygen very quickly even at room temperature.
Chemical regeneration requires an addition of a chemical (gas) to restore the membrane
performance. Jones and Koros [80] tested purging of propylene at about 10 bar to restore the
membrane performance, however, the permeance of O2 was not successfully recovered.

Lie et al. [19] studied electrothermal regeneration to enhance the permeation of CO; in iron-
doped flat-sheet CM. They applied a direct current of 30 mA (17.5V) on the iron-doped CM
and studied the effect of pulsating electrothermal regeneration (i.e. electric current set to “on”
and “off” periodically). After electrothermal regeneration, the CO, permeability was 65%
higher compared to initial value because the sorption of gases in carbon matrix was reduced,
while diffusivity was increased to a considerable extent. Nevertheless, the membrane without
any regeneration showed 60% loss in permeance of COs,.

The electrical resistance R (£2) can be evaluated from media resistivity and its dimensions [81]

as shown in equation 3.13.

_pL

R
el

3.13

Where p is electrical resistivity of the material (Qm), L is the length of material (m), e is the
width (m) and ¥ is the thickness (m). Resistivity is defined as resistance times cross sectional

area for the current flow, divided by the resistor length [64].

3.6. Potential applications of Carbon membranes

There are several potential applications of the CM in gas separation which may include: biogas
upgrading, natural gas sweetening, CO> capture from flue gas, air separation, elevated
temperature applications (hydrocarbon dehydrogenation and steam methane reforming).
Carbon membranes are also promising candidate for the separation of light alkenes/alkanes
especially for propene/propane separation, and also showed a good performance for the 1,3-
butadiene/n-butane separation [82]. Carbon molecula sieve membranes have high He
permeance along with significant He/N> and He/CHj selectivities [83-86]. Carbon membrane
development for air separation and CO2/CHg4 separation (biogas upgrading to vehicle fuel and

natural gas sweetening) is closest to market level and is the focus of this thesis. Therefore, only
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these two applications will be discussed here however, more information about other

applications can be found in the references [29, 44, 87, 88].

3.6.1. Membranes for CO>-CH, separation

In case of CO2-CHjy separation, there are two potential markets for carbon membrane; biogas
upgrading to vehicle fuel and natural gas sweetening. Biogas upgrading to vehicle fuel/natural
gas is an emerging market. However, natural gas sweetening is a billion-dollar industry. In
recent times, biogas has become a valuable renewable energy source and is considered a
strategy for greenhouse gas reduction. Renewable technologies are making relatively fast
progress and expected to increase significantly (30-80%) in 2100 [2, 89]. The major
components of biogas are CH4 and CO> with traces of H>S, some other gases and vapors [90,
91]. A study on different utilizations of biogas reports that biogas upgrading to fuel quality
gives the highest portion of exportable energy with a medium range (10%) energy demand
[92]. In the aforesaid statement, upgrading was done with membrane process. A detailed
description about biogas composition, pre-treatment process, and upgrading process is
discussed in chapter 5 of this thesis.

Natural gas sweetening is a huge market for CO;-CH4 separation process. The purification
process of natural gas by removal of CO; (natural gas sweetening) is in principal the same
separation process as for upgrading of biogas. However, in this case, the feed is present at much
higher pressure (50-70 bar) which is also favorable for separation with carbon membranes as
they can be operated at high pressure. The demand for natural gas has increased by around
2.7% per year over the last decade with a total consumption of 3.54 trillion cubic meters (125
trillion standard cubic feet) in 2016 [1], and this consumption drives a worldwide market of
over $5 billion per year for new natural gas separation equipments. Currently, membrane
processes have < 5% of this market, almost all of which is applied toward the removal of CO».
The market for gas separation membranes is expected to grow from US$ 150 million in 2002
to around US$ 750 million in 2020 [6, 93, 94].

Conventional methods for CO» separation are based on reversible absorption, such as amine
scrubbing, but these processes are energy intensive and pose environmental concerns. Amine
absorption is considered the most mature technique to separate out CO», but the limitation of
regular maintenance and continuous operator care hinder the use of amine absorber-strippers
at remote locations [4].

Membrane could be a potential candidate for this application. Various membranes for CO2/CH4

separation are available. Based on the materials of the membranes, three major categories exist,
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e.g. polymeric membranes, inorganic membranes and mixed matrix membranes. However,
membrane processes have < 5% of the natural gas sweetening market, as this technology is still
facing challenges to overcome the plasticization and degradation of the membrane (caused by
H>0, COz, Cs+ hydrocarbons and aromatic compounds). There is a further limitation of low
selectivity and flux of currently available polymeric membranes that bounds its application to
only process small/medium gas flows (< 50,000Nm*/h) [23, 65]. Insufficient thermal and
chemical stability of polymeric membranes limits the regeneration/cleaning of these
membranes which is essential when impurities like mist of higher hydrocarbons and fine
particles deposit on the membrane surface.

Inorganic membranes are useful for CO> separation under severe conditions (high temperature
and pressure) when organic based membranes are not functional. Porous inorganic membranes
such as zeolites, which contain sub-nanometer pores, are favorable for CO> separation and
removal from CH4 because of their chemical resistance to CO» induced plasticization and
superior selectivity to polymeric membranes [64, 95, 96]. Other porous inorganic membranes
such as silica and carbonized membranes are also available for CO2/CH4 separation. Both
membranes normally separate CO> from other gases including CH4 by molecular sieving
principles e.g. silica has sub nanometer sized pores which would pass different gases according
to their sizes [97]. Robeson [28] made a literature data collection of the gas permeability and
selectivity of different polymers and found a trad-off relationship for gas pairs. The empirical
upper bound relationship for membrane separation of gases initially published in 1991 was
reviewed with the numerous data available in 2008 [30]. This plot for CO2/CHg4 pair is shown
in figure 3.8 (a) and (b).

A lot of researchers have been conducting Simulations and modelling of multi stage membrane
systems to evaluate and optimize membrane systems for CO capture [98-105]. Baker et al. [5]
have provided a guideline for conducting simulations on commercially available membranes,
which also shows the comparison between membrane system and amine absorption process.
Baker suggested that membrane technology is viable in small (less than 6000 Nm>/h) and
medium scale (6000-50,000 Nm>/h) processes.
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Figure 3.8: Robeson upper bound for gas pair of CO2/CHy; (a) Upper bound-1991 [28] (b)
revisited upper bound-2008 (comparing separation performance of dense polymer
membranes(red dots), thermally rearranged (TR) polymer membranes (blue dots) [30], and
carbon membranes from different precursors (black triangles) [19, 31, 106-108]. Data for
CMSM and industrial applicability was added to original Robeson plot.

3.6.2. Membranes for air separation

The O2/N; separation remains the most studied gas pair with more data existing in the literature
than any of the other pairs. The principal market for both nitrogen and oxygen demands 99%
or higher purity. A single stage process with commercially available membranes can
accomplish 99% nitrogen at an overall recovery of 50% [6]. High purity oxygen is difficult
using only membranes because of the high content of nitrogen present (79%) in the air,
resulting in oxygen enriched permeate (30-60% O2 in permeate), rather than pure oxygen
(relatively low driving force over the membrane) [6, 109]. The pressure differential across the
membrane can be generated either by pulling a vacuum on permeate side or using a compressor
on the feed side. Compression of the feed is not an economically viable option as only a small
part of the feed permeates through the membrane. However, using a vacuum could be a suitable
option if a membrane with high O flux of is available. If not, then larger membrane area is
required and it will require when vacuum is used instead of feed pressure for any membrane
material.

In polymeric membranes, the gas molecules dissolve into the membrane, then subsequently
diffuse across the membrane thickness, and desorb on the other side (solution-diffusion

mechanism) [23]. Polymeric materials may have high permeability for O, but rather low O2/N;
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selectivity (usual range 2-8), and the maximum permeate purity achievable for O> with
polymeric membranes seems to be 30-60% [5, 6, 110-114].

The difference in molecular size of O> (kinetic diameter: 3.46 A) and N> (kinetic diameter: 3.64
A) is very small [115], and separation of such small difference in size could be much easier if
the membrane pore walls were rigid and the space available for permeation fixed. This
mechanism is known as molecular sieving [12, 116-118]. In molecular sieving, the available
pore size is below the kinetic diameter of one of the gas components in the feed. This increases
selectivity by reducing the rotational degrees of freedom of nitrogen versus oxygen in the
diffusion (kinetic) transition state. In this regard, inorganic membranes with molecular sieving
effect resulting in higher performance compared to polymeric materials can be potential
candidates. The Robeson plot from 1991 and revised upper bound for O»/N pair are shown in
figure 3.9 (a) and (b). In these figures, polymeric membranes lie below Upper bound and hence,

are not commercially viable solution for separation of O, from air.
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Figure 3.9: Robeson upper bound for gas pair of Oz/N>,; (a) Upper bound-1991 [28] (b)
revised upper bound-2008 [30]

As stated earlier, high purity oxygen is difficult using membranes because of the high content
of nitrogen in the air, (79%) and the relative low selectivity of O2/N> resulting in oxygen
enriched air (OEA) in permeate, rather than pure oxygen. Based on the performance of
commercially available polymeric membranes, the separation process is competitive only for
medium O purity (25-40%) and small-scale plants (10-25 tons/day) [111, 119]. Oxygen

enriched air is already used for numerous chemical processes (Claus process, the Fluid
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Catalytic Cracking technology, the oxidation of p-xylene to give terephthalic acid) combustion
processes (natural gas furnaces, coal gasification), medical purposes, and has more recently
also attracted attention for hybrid carbon capture process [120].

Carbon is a class of material that can offer improved performance due to molecular sieving
effect. In addition, carbon membranes (CM) offer superior thermal resistance and chemical
stability in corrosive environments [42]. Many prior studies have reported higher selectivity
and permeability of CM compared to polymeric membranes for air separation [9, 19, 52, 121,
122].

In 1991, Bhide and Stern calculated the membrane performance required to produce OEA at a
cost competitive to cryogenically produced oxygen at $40-60/ton of equivalent pure oxygen
(EPO») [119]. They showed that none of the today’s polymers can reach the $40-60/ton EPO;
target. To reduce the capital and production cost (PC) of the membrane-based process, both
selectivity and permeability must be improved. Higher O2/N> selectivity is required to reach
the high purity of Oz with a lower driving force (partial pressure ratio) hence, the operating
cost will be reduced. A higher O; permeability will cut the required membrane area for the
separation, therefore, low capital investment is needed. Much academic research is focusing
on producing highly selective membranes, but if the membranes then have too low

permeabilities they are most likely not an optimum choice for the application in focus.

3.7. MemfoACT AS production facility

The intention of this section is to give a brief introduction of MemfoACT AS and her pioneers.
MemfoACT AS was a spin-off established in August 2008 as a joint venture between
Norwegian University of Science and Technology (NTNU) and the entrepreneurs’ professor
May-Britt Hagg, Dr. Jon Arvid Lie and Dr. Arne Lindbrathen. The goal was to produce and
commercialize the carbon membranes, and further optimize the product for the biogas market,
more specifically for the upgrading of biogas to fuel quality. The production at MemfoACT
AS was based on patented carbon membrane technology [22, 123]. Spinning of Cellulose
acetate hollow fibers, post treatment, carbonization, module construction, pore tailoring, and
permeation testing were done in production facility at Trondheim. Total capacity of production
plant was 700 m?/year (250 modules).

The core business of the company was to commercially produce and deliver high performance
carbon hollow fiber membrane modules-based gas separation systems in different applications;
CO2/CH4, Ho/CH4, O2/N2. The focus, in initial stage, was CO»/CH4 separation in biogas

upgrading and natural gas, and then gradually expand the business for other markets. As the
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removal of CO; is the only membrane-based natural gas separation process currently practiced
on a large scale (more than 200 plants have been installed), membranes are increasingly being
selected for new projects, especially for large flow, medium to high CO; concentration and
remote-location applications. Table 3.3 shows a comparison between different methods for
CO:; separation with capital and operating cost issues.

In figure 3.10 (a) and (b), the separation powers for polymers are compared to the MemfoACT
Carbon membrane, indicating favorable properties for carbon membranes produced by

MemfoACT AS.
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Figure 3.10: Position of CHFM in Robeson upper bound (2008) for O2/N:gas pair (left side),
for COz/CHy pair (right side). CHFM produced by MemfoACT

Carbon membrane technology is relatively new technology, and still in developing phase.
However, pilot scale production and testing of carbon membranes for CO; separation
applications helped to understand few aspects related to capital cost, operating cost, and issues
during operation. Table 3.3 shows the comparison of carbon membrane technology with amine
based and polymeric membrane-based technologies for CO; separation process. Due to high
performance, CM have less operating cost, energy cost, and maintenance cost compared to

conventional technologies. In addition, the impact on environment is also low.
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Table 3.3: CO: separation with capital and operating cost issues while using different
technologies (adopted from [65])

Cost related issues

Separation technologies

Operating cost issues
User Comfort Lever

Hydrocarbon Losses

Meets Low CO; spec.
Meets Low HaS spec.
Energy Consumption

Operating Cost
Maintenance Cost

Ease of Operation

Environmental
Impact
Dehydration

Capital Cost Issues
Delivery Time

On-Site Installation
time

Pretreatment Costs
Recycle Compression

Amines

Very familiar
Very low

Yes (ppm levels)
Yes (<4 ppm)
Moderate to high

Moderate
Low to moderate

Relatively
complex
Moderate

Product gas
saturated

Long for large
systems

Long

Low
Not used

Polymeric Membranes

Early market footprint
Losses depend upon
conditions

No (<2% is
challenging)

Sometimes

Moderate due to
compression
Low

Moderate due to
compression

Relatively simple
Low

Product gas
dehydrated

Modular construction
is faster

Short for skid-
mounted

Low to moderate

Use depends upon
conditions

Carbon Membranes

New technology
Low

Yes, but less than
amines

Sometimes [Pilot
verification]

Low

Very low
Low

Simple
Low
Required dewpoint

not determined
[pilot testing]

Fast, easy set-up

Short, skid-
mounted
Low to moderate

Not needed
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4. Production of pilot scale modules - Methodology

This chapter describes the materials, equipment, and procedures used at MemfoACT AS
production facility to produce CHFM and pilot scale modules. The procedure for pore tailoring
of CMSM through chemical vapor deposition (CVD), aging of CMSM under miscellaneous

environments, and regeneration of CM are also explained.

4.1. Materials
4.1.1. Materials used in spinning and pre-treatment processes
e Cellulose acetate (CA, MW 100,000) with an average acetyl content of 39.8% was
purchased from Chiron (ACROS Organics Belgium).
e N-methyl-2-pyrrolidone (NMP: purity > 99.5%) was purchased from Merck (Norway).
e The additive polymer Polyvinylpyrrolidone (PVP: MW 10,000) was purchased from
Sigma Aldrich (Norway).
e Water was used for coagulation and after wash process.
e Dimethyl sulfoxide (DMSO > 99%), Isopropanol, NaOH (> 99%), and Glycerol (>
98%) were purchased from VWR (Norway).

All materials were used directly for production without further treatment.

Materials and equipment for carbonization process are discussed in detail in the section 4.3.

4.1.2. Materials for gas permeation testing
e Single gas CO2 (99.999%) and N> (99.999%) were supplied by YARA Praxair.
e Experiments with single gas CH4 and mixed gas 40% CO: and 60% CHs were
performed at NTNU. These gases were delivered by AGA.
List of various equipment’s used in spinning and carbonization procedures and the vendors are

shown in table A.1 of appendix A.

4.2.  Procedures for spinning and pre-treatment processes

This section describes the procedures for spinning of precursor hollow fibers and pre-treatment
process. The results for the spinning and pretreatment processes are presented and discussed in
paper-I (Pilot — Scale production of carbon hollow fiber membranes from regenerated cellulose

precursor: Part I- Optimal conditions for precursor preparation).
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4.2.1. Spinning of CA hollow fibers

The dope solution was prepared in a S0L stainless steel mixing tank by adding 22.5 wt% of
cellulose acetate (CA) and 5 wt% of PVP in dry state first and then 72.5 wt% of NMP solvent
at room temperature (20-25 °C) was added before start stirring. After mechanical stirring for
at least 72 hours to ensure homogeneity of the dope solution, it was subsequently left to rest
for 24 hours to remove air bubbles before filtration process was started. The spinning rig had
a bore tank too, but to ensure mixing, the bore solution was premixed outside, and then
collected in the bore tank reservoir. The bore solution was made by adding solvent (NMP or
DMSO) and water in the desired ratio.

A well-known dry/wet phase separation spinning process was used to spin the CA hollow fibers
[124, 125]. The dope solution and bore fluid were extruded through a tube-in-orifice jet type
of spinneret to form a nascent hollow fiber. The extrusion rate of dope and bore fluid was
controlled by two separate gear pumps, respectively. Spinnerets with three different sets of
inner and outer dimensions (photos and range are shown in figure 4.1) were used to spin the

hollow fibers.

Dope orifice —_
20.6-1.2mm

¢0.4-0.7mm

Bore orifice
¢ 0.13 - 0.4mm

Figure 4.1: Spinneret photos (left) and range (right) of different dimensions used for spinning
of CAHF

For each spinning-session, a continuous fiber length of (at least) 2.4 km was spun and rolled
up in three layers on a collecting wheel. The fiber was cut into 1200 fibers of 2 m length for
each fiber. Altogether, more than 460 spinning-sessions of CA hollow fibers were spun with
50 batches of dope mixture, of which at least 100 sessions were spun by varying spinning
conditions, e.g. spinneret dimension, air gap, extrusion rate, coagulation bath temperature, take
up speed and different fiber collection methods to optimize the pilot scale production of CA
hollow fibers. A schematic diagram of hollow fiber spinning process is presented in figure 4.2.
After optimizing the spinning process, the parameters were kept constant for rest of the sessions

and these parameters are shown in table 4.1.
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The partly coagulated fibers from coagulation bath were guided by a wheel from the bottom of
the coagulation bath to the godet-bath where some residence time (1-2 minutes) was provided

for solvent exchange/water wash before they were rolled up on a collection wheel.

Bore
storage

Spinneret

Dope formation tank

Filterﬁ

Gear pump

Coagulation bath

=\
Godet bath | . |

Figure 4.2: (a) Schematic diagram of hollow fiber spinning process (b) Photograph
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Table 4.1: Optimized parameters for spinning, pre-treatment and carbonization processes

Parameter values units
Dope solution
Composition 22.5 CA/5PVP/72.5 NMP wt%
flow rate 0.4 I/hr
Temperature RT (20-23) °C
Bore fluid
Composition 30/35 H20 - 65/70 NMP vol%
flow rate 0.2 I/hr
Temperature RT (20-23) °C
Other parameters
Air gap 25 mm
Coagulation medium /T  H,O / RT (20-23) °C
*Godet bath temperature ~ 25-40 °C
Collection wheel 10 °C
Take up speed 14 m/minute
Post-treatment
Water wash 10 °C 24 hr
Glycerol wash 7.5 vol% in water (20 °C) 24 hr
0.075 M NaOH (aqueous sol.) diluted
Deacetylation
with 10 vol% IP 2.5 hr
After wash 7.5 wt% glucose (20 °C) 30 minutes
Drying T: 40-45 °C, RH: 90% — ambient 16 hr
Carbonization
Temperature 650 °C, 2 hr soak
Medium N2, CO2 0.7-1.9 I/minute

“a rinsing bath for solvent exchange after coagulation bath

4.2.1.1

Squared collection wheel

Figure 4.3 presents the collection methods of CA hollow fibers. Four specially made stands

“fiber carrier” (also shown in the figure 4.3) were connected on a rotating shaft of the rig in

such way that fibers were kept straight on each fiber carrier along the length and a sharp

bending radius (avoiding the kink) was provided on the edges of the carrier. A fiber guiding

device moved the fiber position along the fiber carrier, and a sensor was installed to control the
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fiber tension. In order to promote the solvent exchange, a water bath with the continuous flow
was present in such way that each fiber carrier got immersed in it while rotating on the shaft.
After completion of the spinning process, clamps were applied on both sides of the fiber carrier
and fibers were cut with a sharp knife to separate the wheel into 4 individual carriers

(Nicknamed “Guitars”).

Fiber
guiding sensor

Fiber from
godet bath

Sliding
bottom part L

~ X

Perforated plate l - \ - I
X b 4

Water bath

Figure 4.3: Collection wheel: Four fiber carriers attached to a rotating shaft (right side),
perforated plate photos (left side)

These fiber carriers applied some tension on the fibers, but they were designed to allow some
contraction of the fibers to occur. Clamping was adjusted in such way that bore side of the fiber
was open to exchange the solvent efficiently during water wash. Allowing some of the solvent
exchange in a water bath, the wheel was left rotating for 2 hours after clamping and cutting the
fibers. Then fiber carriers were removed from the stand and placed in horizontal position (such
that all fibers are dipped in the solvent but not touching the bottom of the washing bath) in a
water bath overnight. A continuous flow (1.5 I/minute) of fresh water was supplied to remove

the solvent from the bath.

4.2.1.2.  Circular wheel with perforated collecting plate

There is a trade-off between how long the fiber stays on the wheel (aging by bore solution) and
production efficiency, and this may determine the diameter of the collection wheel, the number
of fiber layers or the take-up speed. The easy escape of water is favorable as it results in

suppression of macrovoids formation in CA matrix. To enhance the efficiency of solvent

35



exchange process during spinning, two perforated circular plates with the same width (25 cm)
as the fiber carriers were used to collect the fibers. Each plate was making half of the wheel’s
circumference and after spinning was completed, the fibers were transferred to two fiber
carriers (2 m long each). Figure 4.3 shows the photo of such plates. A halfpipe made of ABS
tubing (32 mm OD) was attached to the gap between the plates by 2 elastic bands (GUMA
120x8 mm). Foam was pre-fixed (glued in the halfpipe to conduct water). The halfpipe was
placed at a level which prevents sharp bending of the collected fibers. A polycarbonate plate
and an elastic band were used to make a loose clamp on the edges of each wheel half to ease
the fiber endings and allow bore solution to exchange with water as shown in Figure 4.3 (left
hand side). The other half of the ABS pipe made in a similar way was placed on top of the
fibers. Fibers were water-washed for 30 minutes in this way before clamping and moving them
on the carriers. After clamping fibers on the carriers, they were placed in a horizontal bath for
further water wash overnight to promote the removal of the bore solvent.

After water wash, the CA hollow fibers were soaked horizontally in glycerol solution (7.5%
aqueous solution) overnight to remove the residual NMP in the fibers, and to prevent the bore

side from collapsing.

4.2.2. Deacetylation

The CAHF were then deacetylated with 90 vol% 0.075 M NaOH (Water) solution diluted with
10 vol% 2-propanol (isopropanol, IP) at ambient temperature for 2.5 hours. Different
concentrations of NaOH and dilutions of IP were investigated, but it was observed that
optimized degree of deacetylation of fibers was obtained by above mentioned composition. To
improve mass transfer and homogeneous treatment of all fibers, liquid circulation via pumping
and shaking of the bath and/or the fiber carriers was applied. It was experienced that fibers not
allowed to shrink during deacetylation could not give CO2/Nz selectivity more than 50 (CO2
permeability over 100 Barrer), however, fibers allowed to move along fiber carrier length and
shrink (Typically, 1-3%, during the deacetylation process) improved the permeation properties
of the final carbon membrane. Therefore, fibers had no restriction to move along the carrier
during deacetylation. Two stirrers were used on both ends of the carriers and circulation pump
was also installed to circulate the solution in cross-pattern (suction on one corner of the bath
and distribution on diagonally opposite corner) to avoid any stagnant regions for the solution
in the bath. During deacetylation process, the fibers contact between with each other or the
bottom of the bath should be minimized as it can inhibit the reaction and partial deacetylation

may result. This can ultimately destroy the whole fiber quality by making that part brittle after
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drying and potentially burn off during carbonization. Shaking was applied to improve on this
situation.

Direct drying of deacetylated fibers caused the curliness and highest shrinkage (difference in
length of fiber when treating with the additive solution and fiber length after drying) of hollow
fiber membranes resulting in dense membranes with very low CO; permeability. It was found
that cellulose fibers immersed in 7.5% glucose (aqueous) solution gives straight fibers with
good mechanical properties after drying. Therefore, deacetylated fibers were then immersed in
an aqueous solution (T: 20 °C) of 7.5 wt% glucose for 30 minutes and the lock on the bottom
was engaged. For drying, the fiber carriers were placed vertically inside the drying cabinet and
the lock on the bottom end of the carrier was removed, allowing for shrinking of the fibers. A
custom-made comb with 10 mm spacing between each tooth was used to further separate the
sticky fibers (glucose effect) into equal groups. The purpose of using a comb was to achieve as
close as possible an equal number of fibers in each strand, as the number of fibers in each
bundle would determine the drying speed of that bundle. The effect of strand (number of fibers
in the bundle) size on shrinkage of dried fiber was also studied. An extra load (averaged to 2.5
g per fiber) was added to the bottom end of the carrier. This acts as a counter force to the
shrinking of the fiber clusters and assists in obtaining straighter fibers. This extra load had a
significant effect on the permeation properties of carbonized fibers, hence, was optimized in
ordered to get straight enough fibers with good enough mechanical and acceptable permeation
properties after carbonization. Fibers were dried overnight at room temperature (20-25 °C) in
a controlled humidity chamber. Figure 4.4 shows photos of fibers in various production states:
(a) fiber carriers during deacetylation, (b) fiber carriers inside drying cabinet, (c) hanging dry
fibers and fibers ready for carbonization (d) comb to separate the fibers in equal bundles during
drying.

A systematic investigation of the influences of drying parameters such as humidity, extra load
on the fibers, drying temperature was performed to obtain the straight cellulose fibers with high
yield and good mechanical properties. Tensile strength and elongation at break of the fibers

were also measured after different production steps (spinning, water wash, deacetylation, and

drying).
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Figure 4.4: (a) Fibers lying in the deacetyation bath (b) Fibers inside drying cabinet (c)
hanging bundles of dry fibers and trolley with steel trays containing dry fibers (c) Comb to
split the fibers in equal bundles before drying

4.3. Carbonization procedure
This section describes the carbonization procedure. The results for the carbonization procedure
are presented and discussed in paper-II (Pilot — Scale production of carbon hollow fiber

membranes from regenerated cellulose precursor: Part II- Carbonization procedure).

4.3.1. Description of the furnace

The furnace used in this work was specially made (Model: Carbolite special HZS 12/150/2400,
bought from VWR International AS) with three independently controlled heating zones. A
custom-built stand under the furnace was used to adjust the height and tilt accordingly. The
height of the furnace could be adjusted independently on each end. A quartz tube with outer
diameter (OD) of 150 mm, 5 mm wall thickness and 3000 mm in length and seven smaller
quartz tubes with 34 mm OD, 2 mm wall thickness and 2700 mm in length were purchased
from Chemi-Teknik AS, Norway. One end of the bigger tube was sealed with gasket and

stainless-steel flange. Whereas, the other end was used for loading/unloading of the small
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quartz tubes and gas inlet/outlet connections. Glass wool (can withstand 800 °C) was used for

insulation purpose and was provided by Rockwool Colnite AS, Norway.

Figure 4.5: Perforated plates with square openings (10 by 10 mm) and (20 by 20 mm)

Two types of 2 m long perforated plates (purchased from Nisjemetall AS, Norway) with square
openings (10 X 10 mm and 20 X 20 mm) and width of 120 mm were also used to carry
carbonize the hollow fibers during carbonization process. Figure 4.5 shows the photograph of

the perforated plates loaded with fibers which are ready for carbonization.

End-Cup and holder Ventilation

Bigger quartz tube

Gas inlet

e
|

1
e

To vacuum pump

Tar darain

Figure 4.6: A photograph (on left) and a schematic diagram (on right) of End-cup and holder
on the fiber loading-end of the furnace tube
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A complete drawing of the gas inlet, gas outlet, and tar drain system from furnace is presented
in Figure 4.6 along with photograph of the furnace. Gas flow controllers were bought from

Aalborg, USA.

4.3.2. Loading the furnace

The angle between support/level and furnace/tube was set to 6 degrees by raising the closed
end of the furnace to enhance the flow of residue downward. 1-7 quartz tubes were filled with
500-1000 fibers in each tube. A thread with loose knot around the fibers was used to pull the
fibers inside the quartz tubes. This thread was removed after fibers are inserted in the tube. An
insulation plate was cut OD 120 mm and holes were made according to the template (honey
comb arrangement) as shown in Figure 4.7 (number of tubes loaded, 30 mm hole diameter), a
32 mm OD hole for tar drain tube, and a 3/8” OD sweep gas tube. Insulation plate along with
quartz tubes were pushed inside the bigger/furnace tuber into the heating zone of the furnace
(46-48 cm from the edge of the furnace tube).

In case of using the perforated plate/grid, the grid was filled with 1600-4000 fibers. The fibers
were distributed as equal as possible on the grid, so that the layer thickness across the width of

the grid become as uniform as possible.

Quter tube wiflange
3000mm

Metal end cap w/gaskets - 2600mm

5400mm Elange with flat gasket

1D 30m
oD
+ 184 mm
0D 120mm
x-section
LiCIUid drain Insulation plug (porous)

Figure 4.7: Drawing of furnace, bigger quartz tube, smaller quartz tube assembly

4.3.3. Carbonization
After evacuating the air out of the system (p < 10 mbar), N> or CO; flow of 0.8 1/minute was
supplied through a gas flow controller. The flow was gradually increased to 1.9 I/minute to fill

the oven. As soon as the pressure inside the furnace tube reached just above the atmospheric
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pressure (1.1-1.2 atm), the valve to the exhaust trap and the valve to the tar trap was slowly
opened. H2O/NMP in volume ratio of 4/1 was used as exhaust trap on the outlet of the furnace.
For tar absorption, 10% triethyleglycol (TEG) in water was used and outlet from both exhaust
trap and tar trap was then connected to the ventilation. Gas flow was varied for a few batches
to optimize according to the fiber holders (no. of quartz tubes or SS-grid), but it was always

kept in the superficial velocity range of 1-10 cm/minute [43].
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Figure 4.8: Carbonization protocol used by MemfoACT AS

The carbonization protocol (as illustrated in Figure 4.8) was then started. The weight loss of
precursor during the carbonization process using Thermogravimetric analysis (TGA) can be
found in reference [44, 64]. The heating rate, final soak time, and final temperature were tuned
to achieve best combination of selectivity. At the end of the protocol the system was left to
cool naturally, and gas continued to flow at the original flow rate. When the furnace
temperature was 70 °C or below, the gas flow was stopped and both traps (exhaust and tar)
were disconnected. Because the cooling of the furnace may create slight vacuum inside, the
liquid in the exhaust trap is thus hindered to flow into the furnace tubes or tar trap. Quartz
tubes/grids were pulled out of the furnace tube and fibers were stored on a clean surface (a
plain paper). Then fibers were left to degas overnight before they were further processed.
Stainless-steel grid did not need any washing after carbonization as there were no residue stuck

on them, however the quartz tube needed washing after each carbonization.
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4.4. Construction of high-pressure CHF module

This section explains the procedure to construct pilot scale module of carbon hollow fibers.
The results of this section are presented and discussed in paper-IV (CO; separation with carbon
membranes in high pressure and elevated temperature applications).

This section provides details on module construction, choice of epoxy, repair of broken fibers
inside a module, and finally gas separation testing which is the ultimate quality control. The

procedure for construction of lab-scale modules can be found in the references [44, 64].

4.4.1. Potting/Sealing

Membrane modules were constructed using up to 3000 good quality carbon hollow fibers with
outer diameter between 0.15 and 0.25 mm. The length of the finished module was 800 mm.
The good quality fibers were defined as the fibers which are not curly, brittle, and/or collapsed
on any part along the length of the fibers. Manually sorted good quality fibers were bundled
loosely with wool thread so that fibers are held together while inserting in the stainless-steel
tube as shown in figure 4.9(a). The fiber bundle was carefully pulled through the tube and a
thread was tied onto the section of the bundle facing up. Then a piece of duct tape was placed
on the bottom side as shown in fig. 4.9(b). The module side with dead end fibers (figure 4.9(b))
was first exposed to extra fast curing adhesive (Loctite 9455) for fiber ends clogging, so that
the sealing glue (Loctite 9483) was not sucked into the fibers via capillary action. The module
was fixed vertically in a clamp and glued by filling adhesive in the right amount to achieve a
hermetic sealing. A period of 24 hrs was required for the glue to fully cure at room temperature.
However, after sufficient curing the module can be turned upside down and glued on the other
side of the module. A plastic cup with the same diameter as the steel tube was used to prepare
a glue plug with a significant length of fibers suspended within the plug. Loctite 9483 was
filled through the holes in the smart plug until glue reached the gas holes. Figure 4.9(d) presents
the specially designed smart plug used on “open endings” side of the fibers and a glue plug
with fiber endings (white dots) is shown on the top.

When sealing is cured after 24 hours at room temperature, hack saw, chisel together with rubber
hammer was used to open the fiber endings on the top side of the module. After opening all

fibers, modules were tested for any leakage.
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Figure 4.9: CHF module construction process, (a) CHF loosely bundled with thread, (b)
smart plug and dead-end potting, (c) filling glue on top end of the fibers (d) Open end fibers
and smart plug (e) Module ready for testing broken or damaged fibers

4.4.2. Selective clogging

It is not attainable, at least currently to prevent some broken or damaged fibers to remain in the
fiber bundle when the membrane package in figure 4.9(a) is produced. This leads to a bundle
consisting of three principal fiber types (good fibers, broken fibers, and surface damaged fibers)
randomly distributed. It has been investigated, the possibility of using what is known as
selective clogging of faulty fibers. The idea of this process is reported elsewhere [126],
however, the procedure was developed at MemfoACT. The outline of this process is indicated
in figure 4.10.

The membrane package is partly mounted into a pressure vessel in such a manner that the fiber
end is exposed to the surroundings. By applying vacuum to the outer surface of the fiber, the
lift flow force in the failed fiber types can easily be estimated using the Hagen Poiseuille
equation (equation 4.1) if surface effects are ignored. However, the inner fiber diameter is only
0.19 mm (190 pm) so the capillary forces can most likely not be ignored, and the capillary rise
(or lowering) is estimated via the Pascal equation (equation 4.2), which requires knowledge
about both surface tension of glue on carbon (our carbon consists of randomly oriented

graphene sheets).
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Figure 4.10: (a) Membrane Package, (b) Selective clogging of failed fibers in membrane
package

dx_AP r? 3 Aprz-t
dt 8nx¢' =

(4.1)

Where x is the penetration height, 4P is the pressure difference (~1 bar), r is the internal radius
of the fiber (95 um), t is the time the pressure works (approximated as the pot life of the glue)

and 7 is the viscosity of the liquid mixed glue.

_ 2g.cos@
r.p.y

x (4.2)

Where y is the surface tension of glue on carbon, € is contact angle between glue and carbon,
p is density of glue, g is the acceleration of gravity.

In figure 4.10, the fibers marked as blue are good fibers, yellow are broken fibers, green color
represents the surface damaged fibers, and grey color is showing clogged fibers after selective

clogging process. Loctite 9492 and 9484 was used for selective clogging. As shown in figure
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4.10(b), the membrane module was clamped in upside down position. The glue was mixed in
a pot and kept under the module in such a way that the fiber endings from the glue plug of the
module are dipped in it. Now apply the vacuum for 1-2 minutes so that the required penetration
is achieved and let it cure. Then cut the glue plug up to 3-5 cm in length depending upon the
glue type. The glue types used here have the penetration rise in this range for the good fibers.
Now all the broken fibers are clogged because these fibers have maximum penetration rise. It
is difficult to estimate the exact penetration rise for the surface damaged fibers. In practice,
only 30-40% surface damaged fibers were clogged by selective clogging process. Therefore,
manual clogging was done to identify and block the remaining damaged fibers. For the manual
clogging, the module was clamped facing open fibers endings in upward direction. Slight over
pressure than atmospheric pressure was applied instead of vacuum. Then soap or thin layer of
liquid water was poured on the glue plug to identify the fibers with fastest flow (making the
bubbles faster). Using magnifying glass, the fibers with fastest gas flow were marked with a
colored marker. Now wipe the liquid and apply the vacuum again before using some instant
glue (Loctite 3090 here) on marked fibers. In case of manual clogging (dark grey fibers), more
than one fiber (including good fibers) is blocked while clogging the one defective fiber as fibers
are packed closely together. Therefore, this process reduces the membrane effective area to a
much larger extent.

Several glue types were tested for selective clogging application by studying both self-
penetration of glue and forced penetration (under vacuum). It was determined that the
requirements for a suitable glue that could be used for selective clogging are as follows in

prioritized order:

1. The glue must have an overall forced penetration height of about 10 cm,

2. The capillary rise alone should not be more than 1 cm.

3. The glue must cure into a solid plug inside the fibers (not form a gel, or plastic/
rubber)

4. Preferably cure within an hour (at least enough to be removed from the vacuum)

5. For analytical purposes, it is an advantage that the glue has a color other than clear

or black.

4.5. Gas permeation testing
This section describes the procedure for gas permeation testing of prepared modules. The

results from gas permeation testing are presented and discussed in paper-IV (CO» separation
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with carbon membranes in high pressure and elevated temperature applications) and paper-VII
(Carbon membranes for oxygen enriched air — Part I: Synthesis, performance, and preventive
regeneration)

For the permeation experiments discussed here, CHF modules were tested in a pilot scale
permeation system with shell side feed configuration. The system was constructed for single
gas tests (CO2, N3, O2). The mass transport properties of CHF were measured with the single
pure gases COz and N> at different feed pressure and experiments were carried out with no
sweep on the permeate side at MemfoACT facility (set-up shown in figure 4.12). Due to fire
hazard limitations, CHs was not tested at the membrane production facility. However, single
gas CHs and mixed gas (40% CO> in CH4) experiments were performed at NTNU (set-up is
described in [44]).

L {% Gasket

Retentate Permeate

I Feed gas

Figure 4.11: Membrane module in high pressure vessel for permeation testing

The performance of the membrane was evaluated by measuring the gas permeance in
[m3}(STP)/ (m?-h-bar)] and selectivities () using equations 4.3 and 4.4. A high-pressure vessel
(schematic) used for permeation tests is shown in figure 4.11. The tests were run from several
hours to several days, to ensure that the transient phase of diffusion was passed, and dp/dt tends
to a constant. The gas permeance, P/# [m*(STP)/ (m?-h-bar)] was evaluated using the equation

4.3.

9.824.V -(dp/dt)
AP-A-Texp

P/t = (4.3)

Here, V is the permeate side volume (cm®) that can be measured with a pre-calibrated
permeation cell reported elsewhere [64, 127]. However, the permeate side volume for this study
was estimated by the tube length and cylinder volume on the permeate side. dp/dt and A are

the collection volume pressure increase rate (mbar/s) and total active area of membrane (cm?)
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respectively, AP (bar) the pressure head and T.., (K) is the temperature for experiment. The

ideal selectivity was defined as the ratio of the pure gas permeances as shown in equation 4.4.

P
OCA/B = é (4'4)
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Figure 4.12: A schematic diagram for gas permeation set-up (MemfoACT AS)

4.6. Pore size adjustment

The prepared CHF modules after permeation tests were modified through CVD process to
enhance the membrane performance (results are presented and discussed in paper-1V; CO»
separation with carbon membranes in high pressure and elevated temperature applications).
For this purpose, modules were installed in a custom designed rig to allow the potting material
(temperature limitations) to remain outside the heated area, with integrated external cooling of
the potting during the process. The figure 4.13 illustrates the steps followed in this work, as
also explained in the patent held by Soffer et al. [126].

The virgin carbon will most likely have too narrow pores to yield a feasible permeability, and
the whole membrane wall thickness is expected to contribute to mass transfer resistance. Thus,
the overall permeance of the carbon is infeasible low for practical usage. Due to the narrow
pores, the selectivity is expected to be high (i.e. the selectivity of CO; over methane is normally

more than 100).
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Figure 4.13: Steps followed for pore tailoring of CHF

A mild oxidation in synthetic air at about 300 °C for a defined time will cause the pores to
widen. The internal pore surface of the carbon is now obviously in a highly-activated condition
and will most likely exhibit a rapid clogging if exposed to water or any other hydrogen bonding
molecules. (The carbon in this condition is surface wise like a process aged carbon. Hence,
this and the following steps might also be modified to be a regeneration technique for the
degenerated modules. The process is normally referred to as thermal regeneration.)

The surface is deactivated using hydrogen at ca 500 °C, which will widen the pores slightly
more. The permeance of the carbon is now significantly increased (normally, several orders of
magnitude higher) and the selectivity is now expected to approach unity.

Chemical vapor deposition (CVD) using propene for a short time will cause a new layer of
carbon to be generated on all accessible surfaces. The thickness of this layer is a strong function
of reaction time and hence a thin layer of new virgin carbon with calculable thickness is
achieved. This will lead to a decrease in flux and an increase in selectivity. Subsequent post
oxidation and reduction may be needed to achieve the desired transport properties for the

membrane module.
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4.6.1. Procedure for pore tailoring process
Figure 4.14 presents the set-up (and a photograph) used for post oxidation-reduction and CVD
process. The module was connected within the furnace, in a way that the sealing glue is kept

outside the oven as shown in figure 4.14.
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Figure 4.14: Post oxidation and CVD process (a photograph of the setup on top)

Glue cannot withstand temperature above 150 °C, therefore it was kept cold by chilled water.
An insulation between furnace and heat exchanger was also applied. Then module and lines
connected to the module were evacuated using vacuum pump down to 50 mbar. To start first
post-oxidation, the gas (synthetic air) bottle was opened and pressure/flow values were adjusted
per protocol (e.g. 1 bar and 10 ml/minute). The oven was programmed for the protocol (e.g. 4
°C/minute to 300 °C, dwell 180 minutes, cooling) and turned on. When the temperature in the
cooling sequence is below 100 °C, the vacuum pump was switched off and the gas supply was
stopped. Now 2" heating sequence was started using N> atmosphere using same protocol until
it reached 500 °C, then switched the gas to H> for first post-reduction process and kept for 30
minutes. After post-reduction, CVD was started using propene gas and then the cooling process
was initiated swapping again to N> until the temperature goes down to 300 °C for the 2" post-
oxidation process. The module can be removed from the oven when the temperature is below

40 °C.
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4.7. Aging of carbon membranes

To understand the life time and effect of miscellaneous environments on performance of carbon
membranes, some aging and durability tests were performed. The results from durability and
aging are presented and discussed in paper-1II (CO: separation with carbon membranes;

Durability and aging under miscellaneous environments).

4.7.1. Effect of storage environment
The carbon fibers were stored in different environments before they were mounted in a

module to study the aging under different environments.

4.7.1.1. Storage in air (ambient temperature)
Different air environments were tested at ambient temperature (21£2 °C):
e Stored in open air inside lab
e Rolled in plain paper lying on open shelf
e Rolled in plain paper lying inside cabinet (dark place; a chemical storage cabinet with
dimension as; H: 1990 x W: 1000 x B: 435 mm)
e Rolled in aluminum foil lying on open shelf
e Rolled in aluminum foil inside cabinet (dark place)
e Rolled in tightly packed aluminum foil lying on open shelf
e Rolled in tightly packed aluminum foil lying under dark fume hood
e Rolled in plain paper lying under dark fume hood

4.7.1.2. Storage under vacuum (ambient temperature)
e Stored under vacuum lying inside ABS tube
e Stored in vacuum bag in dark place inside cabinet

e Stored in vacuum bag under the light

4.7.1.3. Storage under CO; atmosphere (ambient temperature)
e Stored under COz lying inside ABS tube

4.7.2. Aging when exposed to real biogas

Carbon hollow fiber modules were installed and exposed to biogas on three different fields in

Norway to study the aging while membrane is in operation. In total 31 modules of the area
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ranging from 0.5-2 m? of each module were installed on Field-1 biogas plant for a period
ranging from 25 to 212 days to separate biomethane from raw biogas mixture. Gas permeation
measurements were performed with pure gas (CO2 and Nz) at MemfoACT AS production
facility, using 5 bar feed pressure against vacuum on permeate side in ambient temperature.
These permeation tests on the membrane module were conducted before and after the module
was exposed to biogas field, and the results were analyzed to evaluate the aging effect of real
biogas on CHF. Moisture and H»S were removed before the biogas was in contact with CHF,
so the maximum concentration of HoS exposed to the membranes was below 5 ppm. Figure
4.15 shows the process diagram of Field-1 and Field-2. Field-3 was similar but had no H>S
removal system. Table 4.2 shows the biogas source, H>S loading in biogas and the

concentration going to the membrane.

Table 4.2: Biogas source and H:S loadings in different fields (biogas contained 0-0.5% O:
and 0-3% N>)

Biogas field  Biogas source H:S loading (ppm) Membrane exposure (ppm)
Fl1 Food waste 150-1000 <5
F2 Food waste, fish oil  0-2000 <5
F3 Sewage, municipal 150-2400 150-2400
waste
Water
separator
Raw biogas Cooler H.S removal
1 bar, 30°C Blower system
Condensate
Particle
o filter
Product D] Membrane “ G I
g + Compressor g
. Permeate Sample point
Sample point

Figure 4.15: Biogas exposure process using CHF membrane at Field-1, 2 and 3. (Field-3 did
not have HS removal system)
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4.8. Regeneration of carbon membranes

Some regeneration experiments were also performed to attempt to regain the lost performance
of carbon membranes. To enhance the aging effect on CM, these membranes were exposed to
a biogas containing three different concentrations of HzS as shown in table 4.3. The results of
membrane regeneration process are presented and discussed in paper-VII (Carbon membranes

for oxygen enriched air — Part I: Synthesis, performance, and preventive regeneration).

Table 4.3: Different gas mixtures used to enhance the aging effect on CM

Gas mixture name Gas composition

Synthetic biogas (SBG) 40 ppm H5S in a CO»-CH4 mixture

Worst case gas (WCG) 1% H>S and 0.1% n-Hexane in artificial biogas
mixture

Real biogas field exposure (RBG) 250 ppm HazS in biogas (source: microbial

digestion of slurry from waste water)

Air exposure during the storage period ~ Ambient air with average relative humidity 40%

4.8.1. Thermal and chemical regeneration

Adsorption is an exothermic phenomenon; and as a consequence the desorption is an
endothermic phenomenon and energy must be supplied to desorb the adsorbents [64]. A
membrane module with stainless steel housing was prepared using two carbon hollow fibers
(0.0004 m? effective area) in the module. Single gas experiments for pure O, and N> were
performed at 30 °C (2 bar feed pressure and vacuum on permeate side) to measure the reference
permeability values. After determining the initial permeability values, both sides (shell and
bore) of the membranes were exposed to WCG for 24 hours. The permeability of pure gases
was measured again to examine the possible aging effects in the membrane.

The membranes were regenerated chemically using propylene. The CM were flushed with
propylene gas for 24 hours and the single gas permeation tests were performed systematically
after the exposure to detect any change in membrane performance. After single gas tests,
thermal regeneration was applied by heating the membrane module. The module was heated
up to 80 °C and kept at this temperature for 24 hours to desorb the adsorbed gas molecules in
the pore structure of the membrane. Then final gas permeation tests were performed at 30 °C
to see the effect of thermal regeneration. The procedure for thermal and chemical regeneration

is explained in detail elsewhere [64].
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4.8.2. Electrical regeneration

Two new membrane modules with Acrylonitrile Butadiene Styrene (ABS) housing were
prepared containing two carbon hollow fibers (0.0004 m? effective area, OD: 198um, £: 31pum)
in each module. A conductive glue (Eccobond 56C) was applied between carbon hollow fibers
and Swagelok® fittings on each end of the module. The electric power source was connected
(Alligator clips) to the external of the Swagelok ® fitting containing conductive glue on both
sides of one module as shown in figure 4.16. However, the second module (reference module)
was not connected to electric current. The conductive glue was not gas tight enough at high
pressure, therefore, another set of Swagelok® unions were connected to a non-conductive glue
on the outer section of the module. Teflon tubing was used for feed, retentate and permeate
flows. Single pure gases were tested to determine the initial permeability values of the

membranes.

10V DC Power Supply

Pressure guage

Carbon hollow fiber

Feed gas Retentate gas

] —

Conductive glue P t
ABS tubing ermeate gas

Non-conductive glue

Flow meter

= Swagelok Unions
e ABS tubing
Vent

Teflon tubing

Figure 4.16: Experimental setup for electrical regeneration of carbon hollow fiber membrane
module

Both modules with CM were exposed on both sides (shell and bore side) to WCG for four days.
Then “preventive electrical regeneration” (PER) was performed on one module and the second
module was used as reference (RM) module (no electrical treatment). The term “Preventive
electrical regeneration” (PER) is used for the electric regeneration in this study. PER means a
continuous supply of electrical potential during membrane operation to prohibit the molecules
adsorbing on the membrane surface. PER was conducted using a direct current (DC) power
source and an applied voltage of 10 V which corresponds to about 45-55 pA measured

amperage on carbon fibers. The current was continuously applied during the whole exposure.
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Table 4.4: Electrical regeneration of CM and exposure to different gases (reported in
consecutive days from left to right)

Single gas WCG Single gas WCG Single gas RBG SBG
tests

PER module 4 days, 10V no voltage 14 days, no voltage 14 days,no no voltage
10V voltage

RM module 4 days, no no voltage 14 days, novoltage 14 days,no no voltage
voltage no voltage voltage

Table 4.4 shows the steps followed during electrical regeneration of the CM. As shown, single
gas tests were performed for both the PER module (which is going to be regenerated electrically
and current is on during the exposure with WCG) and reference module (RM). Then both
modules were exposed to WCG for four days, with PER under 10V and RM without any
current. After four days voltage supply was turned off on PER module, and both modules were
tested for single gases. After the single gas tests, both modules were exposed again to WCG
for 14 days keeping voltage supply “on” for PER module, and then tested again for single gases
afterward.

The CM modules were then installed at a real biogas plant for 14 days and exposed to the real
biogas containing 250 ppm H>S. The modules were disconnected from the biogas plant and
reconnected to the synthetic biogas in the laboratory for several days. The membrane modules
were then tested for single gases again to check if a stable performance had been achieved after
the preventive electrical regeneration.

The electrical resistance of the carbon fibers was measured by a handheld Ohm meter to
calculate the specific conductivity of the membranes. Carbon fibers obtained at different soak

temperatures (550 °C. 650 °C, 750 °C) were used to measure the electric conductivity.
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5.  Pilot plant for biogas upgrading to vehicle fuel

As described in introduction chapter that carbon membrane modules prepared at MemfoACT
AS facility were used to upgrade the biogas to vehicle fuel. A biogas upgrading system
including pre-treatment process was designed, commissioned, and operated by MemfoACT
AS to treat up to 60 Nm?/hour. of raw biogas. This chapter describes the equipment and process
that was installed and operated at Gler IKS for upgrading of biogas to vehicle fuel. The results
from pilot-scale plant are presented and discussed in paper-V (Vehicle fuel from biogas with
carbon membranes; a comparison between simulation predictions and actual field
demonstration).

5.1. Equipment

The list of equipment used to construct the biogas upgrading pilot plant is shown in table 5.1.

Table 5.1: List of equipment for carbon membrane-based biogas upgrading unit

Equipment Supplier Description
Membrane system/ Air Products Norway

Odorant for GLOR InterGas AS

Biogas analyzers Pronova GmbH

Compressors SAFE srl

Instrumentation and automation  Siemens

Process equipments Somas AS

Connections, tubing Tess

Isolation, steel plates Trendelag Isolering

Tubing, parts and valves Swagelok

Dedicated product gas analyzer ~ Simtronics ASA GD 10P
Handheld gas analyzer Geotechnical instruments GA 2000
Online gas analyzer Pronova SSM 6000C
Temperature transmitter Officina Orobiche TT-Classe A
Dew point transmitter Michell Instruments DP-001
Pressure transmitter Emerson 30518

5.2.

Biogas composition and vehicle fuel quality

The raw biogas feed originates from microbial anaerobic digestion of food waste. Raw biogas

composition is shown in table 5.2. Untreated biogas was fed to a biological H>S scrubber, and

a slip stream of the treated biogas was fed to the membrane pilot plant.
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Table 5.2: Composition of raw biogas obtained from anaerobic digestion of food waste

Component Food waste (mole%)
Methane (CH4) 64 + 3%

Carbon dioxide (CO») 30-35%

Nitrogen (N2) <1%

Oxygen (02) ca. 0%

Hydrogen sulfide(H2S) 1000 ppm (average)
Water (H20), 35 °C saturated

For the biogas to be used as vehicle fuel, it must meet certain quality requirements/standards.
Norway does not have its own fuel quality legislation yet; therefore, Swedish standards were
used to acquire vehicle fuel with carbon membrane separation process as both countries have
an alike climate. The requirements for clean biogas used as vehicle fuel according to Swedish
standards is shown in table 5.3. According to the legislation, an odorant must be added into
flammable gas to ensure that the gas can be smelled below 20% of the lower explosion limit

(LEL). Tetrahydrothiophene was used as an odorant to the upgraded biogas in this study.

Table 5.3: The requirement for vehicle fuel quality; Swedish legislation [128, 129]

Components Standard

CH4 (vol%) 96-98

H,0 (mg/Nm?) <32

Dew point (°C) -60 °C at 250 bar(g)
COz + 02+ Nz (Vol %) <4

02 (vol%) <1

H>S (ppm) <23

5.3.  Carbon membrane-based pilot plant

This section describes the pre-treatment and biogas upgrading processes.

5.3.1. Biogas upgrading Process

In principal, the raw biogas is compressed, bulk water is removed by means of a chiller (dew
point: 4 °C at 1 bar), gas is reheated and then led through the membrane system. Carbon
membranes are more selective for CO> relative to CHa, therefore, in the biogas upgrading
process CO> from the feed biogas passes through the membrane (low pressure side/permeate)
and CHs remains on the high-pressure side (retentate). Hence, the retentate is the desired

product. The ratio of permeate flow rate and feed flow rate is defined stage cut (g,/qy).
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Biomethane purity in the retentate stream depends on (1) CO2/CHy selectivity, (2) pressure
ratio on both sides of the membrane and (3) stage cut. H>S and water need to be removed from
the biogas stream prior to the membrane and this is done in pre-treatment section as shown in
figure 5.1. Pre-treatment is a vital part of the process to meet the fuel standards and enhance
the life time of the upgrading plant together with membranes.

The process flowsheet of the upgrading process with essential components is shown in figure
5.1. The plant was designed to process up to 60 Nm?/hr of raw biogas at feed pressure up to 21
bar and vacuum on permeate side. The raw biogas was available at 1.06 bar and a blower was
used to increase the pressure up to 1.3 bar. An activated charcoal system was used to remove
most of the H>S and bring it down to 5 ppm in the biogas stream. To ensure the compressor
safety, in form of scale formation or deposition of charcoal inside the compressor, a filter was
present after H>S removal system to remove the entrained particulates of activated charcoal.
Then the water knockout through temperature swing (TS) at 4 °C and 1 bar was introduced just
before the feed to the compressor to reduce the water level in the feed gas.

In the case of carbon membranes, less than 40% relative humidity (RH) is satisfactory [13, 78]
as the performance of carbon membrane deteriorates at higher RH, so (partly)drying is needed.
However, as a precaution, a heater was introduced just before membrane unit. The compressor
was “oil -free” but in case of any leakage from lubrication side, it may deposit on the membrane
surface and thus have a deleterious effect on the membrane performance, therefore several oil
filters were used downstream to remove oil from the compressed feed gas. The compressed
biogas then entered a cylindrical multi-module (shown in figure 5.2) containing 24 medium
sized carbon hollow fiber modules (~ 0.5-2 m? each). A single stage separation configuration
was successfully tested to obtain 96% CH4 and a significant amount of data was collected. The
membrane feed gas temperature was regulated by an electric heater, and the pressure was
controlled by a modulating valve (v-4 in figure 5.1, a globe valve with Kvs 2.5, supplied by
Samson). The membrane pressure, temperature, flow of the two outlet streams, permeate and
retentate, were monitored with different instruments. To accomplish the dew point: -60 at 250
barg in the final product, a zeolite-H>O absorbing column was installed followed by a particle
filter prior to the high-pressure compressor. The purpose of particle filter was to retain potential
zeolite particles from entering the high-pressure compressor. High-pressure compression up to

250 bar and odor addition was performed before storage of the vehicle fuel.
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Figure 5.1: Process flowsheet of biogas upgrading pilot plant based on carbon hollow fiber membrane



5.3.2. Multi-module system assemblage

A multi-module system (MMS) was comprised of up to 24 medium sized modules, of which,
each module was made up of up to 2000 carbon hollow fibers, which were tested for strength
in bundles with effective area ranging from 0.5-2 m?. Feed is on the shell side of the module
(outer membrane surface) and permeate flows internally (bore side) along the fibers. The
structural strength, low fouling tendency, membrane replacement, and ease to clean the MMS
were important considerations for its application in a biogas upgrading plant. The MMS size
was 0.324 m in diameter and 1 m in active length and consisting of three parts: (1) the vertical
tank having both feed, retentate connecting ports and three legs with screws to secure it to the
skid. (2) Middle part to insert the medium sized modules and, consisting of two round plates
with holes according to the outer diameter of the medium sized modules. One partition plate
on the top to separate the permeate section from feed section and 2™ partition plate between
feed and retentate also helping to hold the modules firmly and avoid bumping into each other.
(3) The lid on the top with permeate connection. The arrangement of the medium sized modules
inside the MMS is shown in figure 5.2(C). After the assembly and before fitting the lid, each
of the medium sized module was tested again for any leakage (fiber breakage) using air

pressure and soap water.

Figure 5.2: Technology readiness level according to the EU commission/Up-Scaling from lab
to pilot-scale; (a) lab scale module, (b) medium sized module, (c) Multimodule, (d)
Membrane Pilot plamt
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6. Process simulation and cost estimation

The permeation properties of carbon membranes prepared at MemfoACT AS were almost
similar or even higher in some batches as compared to lab-scale process. These data were used
to simulate the required membrane area and compression energy for biogas upgrading system
described in chapter 5. A lot of simulations were performed to explore different membrane
configurations; single stage, two stage, three stage, with recycle and without recycle. The
information obtained from simulations were used to estimate the total capital investment and
running cost of carbon membrane-based systems. This chapter describes the procedures,
parameters, and different assumptions that were used to perform the simulations and cost
evaluation of carbon membrane-based separation processes. The results from simulations and
cost estimation are presented and discussed in paper-VI (Techno-economical evaluation of
membrane based biogas upgrading system: A comparison between polymeric membrane and
carbon membrane technology) and paper-VIII (Carbon membranes for oxygen enriched air —

Part II: Techno-economic analysis)

6.1. Background on membrane model and process simulation

Memfo group at the Chemical engineering department at NTNU has developed a membrane
simulation model (Chembrane), which can easily be interfaced into Aspen HYSYS.
Chembrane is essentially a mass transfer equations solver that can be applied for co-current,
counter current, and a perfectly-mixed flow configuration. The thermodynamic fluid package
applying sour Peng-Robinson equation of state was used. For a shell fed module, based on
MemfoACT AS module design [108], the counter-current configuration explains real behavior
of gas flow as the best. Therefore, counter-current configuration was used in the current study.

However, other configurations and details of the model can be found elsewhere [130].

6.2. Simulation and cost estimation for biogas upgrading process

6.2.1. Membrane Configurations

Membrane plants may vary with respect to operational units, their arrangement and applied
process conditions. Therefore, three different cases were evaluated for CO,-CH4 separation
process to investigate different scenarios. The gas permeation properties of CO2 and CH4 used

in these simulations were experimental data.
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Single stage membrane system: A membrane system using only one stage to separate biogas
for required methane recovery and purity was simulated. Figure 6.1 is showing a single stage

membrane-based separation process.

97 %

Stage. 1 Biomethane
Feed Gas ) 3 Membran e 4“1
Compressar i

Permeate

Figure 6.1: Single stage membrane system

Two-stage membrane system: To maximize the recovery of biomethane from biogas, a two-
stage system was simulated using different (carbon and polymeric) types of membranes.
Retentate from second stage mix with feed in the form of recycle stream prior to the compressor
for better CHs recovery (Figure 6.2). There is no compression between the stages and the
pressure of permeate 1 is adjusted with flow valve at Retentate 2. The pressure at permeate 1
was kept a constant value for the specific feed pressure, obtained with formula as shown in
equation 6.1. The basis of the formula is to maximize the pressure ratio (hence maximum perm
purity) on both stages simultaneously by setting the interstage retentate. It was observed that
intermediate pressure value acquired, gave optimized membrane area for required purity and

recovery of CHa.

P[nterstage =V ( Preed P, permeateZ) (6. 1 )

97 %
Stage. 1 Biomethane
—

-;I\_j >
A I/_——J ................

Feed gas

Compressor

Permeate 1

Stage. 2
Membrane
................

Permeate 2 4

¥

T eIy

Recyele stream
Figure 6.2: Two stage membrane system
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Three-stage membrane system: Three-stage membrane system can give better separation and
reduce energy demand [131]. A three-stage configuration is shown in Figure 6.3. Evonik Fibers
Gmbh has applied for a patent of this configuration, and according to the patent, no one but
Evonik can use a membrane with a CO2/CHg selectivity of 30 or higher on the first stage [132].
Considering this patent accepted, the energy demand of the process will increase by 0.027
kWh/Nm?® for the other membrane providers. The three-stage system is simulated and

economically evaluated by using polyimide membranes.

97 %
Stage. 1 Retentate 1 Stage. 2 Biomethane
Feed gas _r—\_j »| Membrane *  Membrane »

[y Tl [T T EEe———— 0 e et

Compressor

Permeate 1

Stage. 3
> Mem brane Retentate 3
............... Miner

Permeate 3 ‘—1

Recycle stream

Figure 6.3: Three stage membrane system

6.2.2. Cost estimation

Accurate economic assessment of any plant depends on the available design detail, the method
of analysis used for calculation and the accuracy of the available cost data. Therefore, the
economic calculation may differ from each other considerably and justified by the data
available.

An economic evaluation was performed to assess the different membranes and their
configurations, by taking capital cost, operating cost, pre-treatment cost and high-pressure
compression cost into account. A high recovery of biomethane is achieved, resulting a very
small fraction of CHs4 permeating through membrane together with CO,. Therefore, CO>
obtained on permeate side is 99% pure which could be used for other applications. The price
for the COz is not considered in this economical assessment. Table 6.1 is showing process

parameters for economic assessment of biogas upgrading plant.
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Table 6.1: Process parameters for economic assessment of biogas upgrading plant [133,
134] (8 used in this work is US$)

Total plant investment (TPI)

Polymeric membrane cost (PMC) $20/m?
Carbon membrane cost (CMC,) $100/m?
Installed compressors cost (CC) $ 8700 x (HP/m)*82

High pressure compressor cost (CBGC) Ceomp,ins = 912 . (Weomp)??315 | £, . £ . finst [135]

Fixed cost (FC) PMC/CMC, + CC + 'VP + CBGC
Base plant cost (BPC) 1.12x FC

Project Contingency (PC) 0.2 x BPC

Total facility investment (TFI) BPC + PC

Start-up cost (SC) 0.10 x VOM

TPI TFI + SC

Annual variable operating and maintenance cost (VOM)

Contract and material maintenance cost

(CMC) 0.05 x TFI

Local taxes and insurance (LTI) 0.015 x TFI

Direct labor DL, cost based on 8hr/day $ 15/hr

Labor overhead cost (LOC) 1.15x DL

Utility cost (UC) (8/kWh) 0.07/kWh

VOM CMC + LTI+ DL + LOC + MRC + UC

Other assumptions

Membrane life for polyimide (t) 7.5 years
Membrane life for carbon (t) 5 years
Biomethane sales price ($) $0.8/Nm?
Nominal interest rate (%) 6%
Depreciation (t) 15 years

LCC/LCI factor (Ordinary annuity factor)  9.7122

Plant availability (%) 96%
CO,/CHy in feed (%) 40/60
"Vacuum pump
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6.3. Simulation and cost estimation for air separation process

The gas permeation properties of Oz and N> used in these simulations were both experimental
and predictive data. The experimental data were obtained at different temperatures, 5 bar feed
pressure and vacuum (10 mbar) on low pressure side as listed in table 6.2. CM have superior
thermal resistance compared to polymeric membranes and can be operated at elevated
temperatures. The reported membranes showed exponential increase in Oz permeability with
increasing temperature and according to Arrhenius model (extrapolation of experimental data
as in table 6.2), the separation process at elevated temperature between 190-205 °C using
reported CM may achieve high O, permeability without sacrificing the selectivity. Another
solution may be to achieve high permeability by adding some nano particles to the precursor
[34]. Three permeability values; 100, 200, and 300 Barrer with constant O2/N> selectivity of
18 were also considered to investigate the effect on production cost of EPO: and total capital

investment of the plant.

Table 6.2: Experimental data for simulations
Temperature Oz Permeability  Selectivity

(°C) (Barrer) 02/N2
20 2.98 18
35 458 18
45 5.88 19
50 6.41 19
68 9.93 18

(1 Barrer =2.736E—09 m>(STP)m/(m? bar h))

The ratio between feed side pressure and permeate side pressure (%= Ppermeate / Pfeed) 15 a key
operating parameter that effects both separation performance and energy requirement [23]. To
achieve required pressure ratio in this case, three different compression approaches as shown

in figure 6.4 (a), (b), (c) were used to simulate the required energy and membrane area:

o Feed compression (FC); a feed compressor was used to compress the air to 10 bar.

o Vacuum pump on permeate side (VP); No compression of the feed air, a vacuum pump
was used to create 10 mbar on permeate side of the membrane.

o Combination of Feed compression and permeate vacuum (FC-VP); In this case, feed
air was compressed to 10 bar, and vacuum (10 mbar) was used on permeate side of the

membrane.
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Process simulations and economical assessment were done for a CM unit which would increase
O2 concentration (based on permeation values) in air from 21 mole% to between 50-78 mole%

in a single stage separation process (no recycle).

P.=10b: -
Air _|—\| = = Carbon Membrzns balance Oy

> >
..................

Compressor

30-71 % Oy —enriched stream

Balance N

(a)

3408 % N,
balance O,

Po=lbar

/T P=0lbar

U -

Ry 50-71 %5 On — enrichad stream
Balznce My

Vacuum pump

(b)

Fo=10bar preemssscsnnnnnnns

Comprassor

(c)

Figure 6.4: Single stage process configuration, (a) FC approach, (b) VP approach, (c) FC-
VP approach

6.3.1. Equivalent pure oxygen, EPO;

The base for the Oz production was taken to be 1 ton of equivalent pure oxygen (EPO2) per
day, and EPO; is the amount of pure oxygen that would be mixed with air to make a mixture
of oxygen-enriched air (E moles) of a specified Oz concentration. The molar flow rates of EPO-

and oxygen-enriched air (£) can be related by the simple equation shown in equation 6.2 [4].
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EPO, yo,—0.21
E 079

(6.2)

Here y, is the oxygen mole fraction in enriched air.
In terms of weight, the flow rates (tons/day) of equivalent pure Oz (TEPO2) and of oxygen-

enriched air (TE) are related as shown in equation 6.3.

TEPO, _ Yo, —0.21
TE  (0.0989 y,, + 0.692)

(6.3)

6.3.2. Cost estimation

The assumptions and parameters used in this economic assessment are shown in Table 6.3. The
first-time installation of membrane modules was included in the TCI. However, membrane
replacement cost (MRC) was added in PC as a variable cost which is proportional to plant’s
operation rate. MRC was calculated based on daily usage (1 ton/day production of EPO5) via
dividing the total membrane area cost by total plant life (10 years) and then multiplied by plant
availability (90%). The membrane operation does not need continuous labor inspection.
Therefore, labor cost (LC) has been estimated as 8 hr/day per 25 tons per day of EPO». This
cost analysis considers a CM price of $ 100/m?, a depreciation rate of 10% for the plant which
includes compressor, vacuum pump, valves, and piping (except membrane), and a return on
investment of 12%/year. The assumptions made in this economic analysis involves many
adjustable variables, therefore a sensitivity analysis was also performed to determine the cost
of EPO> which involves variation in CM module cost, membrane life time, and operating

temperature which is directly related to membrane permeability.
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Table 6.3: Economic parameters used to calculate TCI and PC per ton of EPO: [110, 119]
Total capital investment (TCI)

CM module cost: CMC $100/m?
Installed compressor cost: CC $ 8,700 x (*HP)"#?
Installed vacuum pump cost: VC $32,500 x (*HP/10)%3

Production cost (PC)
Membrane replacement cost: MRC ~ at $100/m>

Electricity cost: EC $0.05/kWh

Capital recovery cost: CRC 0.25 x (TCI)

Labor cost: LC $15/hour

Production cost: PC MRC + EC + CRC + LC

Other assumptions

Membrane life time 5 years

Annual depreciation 10% over 10 years
Annual Return on capital investment  12%

Plant availability 90% (329 days/year)

“HP is the installed horse power for the installed compressor
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7. Results and Discussion

This chapter summarizes and discusses the main findings from the eight submitted papers as
part of this thesis. The chapter has been divided into three sub-parts. The first part describes
the process, synthesis, procedures to develop carbon hollow fiber membranes, durabilty, and
aging of prepared membranes under miscellaneous environments. Second part discusses the
pilot scale module construction, CVD, regeneration of membranes, and applications of
preparaed CHFM. The third part of these papers presents the findings from HYSYS
simulations when interfaced with Chembrane to evaluate optimal membrane area and energy
requirement for different applications of CHFM.

The sequence in which papers will be discussed is presented in figure 7.1. Three different colors
indicate the main focus of each paper — synthesis (blue), applications (red), and simulations
(green). The degree of the filled color represents the relative composition of the paper with

respect to these parameters.

Paper—II
Carbonization

Membrane preparation

Paper—1
Spinning

Synthesis
Application
Simulations

Figure 7.1: Flowline of thesis papers showing research work carried out related to carbon
hollow fiber membranes at MemfoACT AS

7.1. CHFM preparation and aging
In this subsection, the main results from papers I-III will be discussed. The main focus is on
preparation of CHFM (paper I and II), followed by aging and durability of CHFM under

miscellaneous evironemnts (paper III).
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7.1.1. Paper — I: Pilot — Scale production of carbon hollow fiber membranes from
regenerated cellulose precursor: Part I- Optimal conditions for precursor preparation
(Membranes Journal 8(2018) 105)

The main aim of this paper was to explain the procedures for preparation of the precursor

hollow fibers for carbon membranes on a pilot scale plant. A dope solution consisting of

cellulose acetate (CA), NMP, and PVP was prepared to spin the hollow fibers. Altogether,
more than 460 spinning-sessions of CA hollow fibers were spun with 50 batches of dope
mixture, of which at least 100 sessions were spun by varying spinning conditions, e.g. spinneret
dimension, air gap, extrusion rate, coagulation bath temperature, take up speed and different
fiber collection methods to optimize the pilot scale production of CA hollow fibers. Direct
carbonization of CA will result in discontinuous carbon (more like a powder) hence, CA must
be deacetylated after the spinning process prior to carbonization. Furthermore, drying of
deacetylated fibers is another crucial step while preparing the cellulose hollow fibers from CA.

The rate of drying, temperature, and humidity need to be optimized to achieve the carbon fibers

with acceptable mechanical and gas peremation properties.

First, CA hollow fibers were spun using a dry/wet spinning method. Water was used to wash

out the bore liquid from spun fibers. The collection of spun fibers is the critical step and need

to be optimized for desired permeation properties of resulting carbon fibers. Intially, a squared
wheel (nick named “guitar”’) was used to collect and wash the fibers. But it was observed that

a circular wheel with perforated collecting plates instead of guitars was more efficient during

collection of fibers and water wash processes. After water wash process, adsorption of 10%

glycerol (aqueous solution) into the pores of the hollow fibers over night prior to deacetylation

improved both the gas peremeation properties and mechanical properties of the carbon fibers.
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Figure 7.2: (a) CAHF cross-section-72.5% NMP in dope solution (b) Wall magnified (c) wall
inner edge magnified

Glycerol treatment is important to prevent the largest pores from collapsing and to prevent the
bore of the fiber from collapsing. The SEM images of NMP/H>O (bore solvent) based CA
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hollow fibers can be seen in Figure 7.2. The coagulation bath temperature of 25 °C resulted in
the fiber wall more prorous on the bore side. Pure water in the bore coagulant results in a thick
and dense inner wall, which is not desired as the feed is introduced at the shell side of the fibers
and the inner structure is only acting as a support. Membranes spun with bore solution
containing 65 and 70% of NMP showed CO; permeability of 256 Barrer and 144 Barrer with
CO2/CHyg selectivity of 156 and 172 respectively (Figure can be found in Appendix E). Bore
solution containing up to 70% NMP have successfully been used, resulting in a porous lumen
structure of the fiber, which is desired to minimize the gas transport resistance.

The CAHF were then deacetylated with 90 vol% 0.075 M NaOH (Water) solution diluted with
10 vol% 2-propanol (isopropanol, IP) at ambient temperature. It was concluded that optimal
duration for deacetylation process is 2.5 hours. The optimum was based on the appearance (e.g.
degree of curling), the mechanical properties of the resulting carbon fibers and their weight
loss. The SEM images of deacetylated hollow fiber are shown in figure 7.3. Deacetylation in
water medimum would result in only on the surface of the fiber and not the bulk of the fiber,
however, isopropanol was taken as reaction medium which successfully deacetylated the both
surface and bulk of the fiber. This is probably due to swelling of CA in the presence of alcohol.

Other alcohols may also be used, if they are suitable solvents for the base, as well as mixtures

of alcohols and water.

Figure 7.3: (a) Regenerated CHF after deacetylation of CA/cross section (b) wall magnified
(c) wall inner edge magnified

These hollow fibers with optimized deacetylation gave stronger carbon fibers (loop with
diameter: 8 mm) and permeation properties above Robeson upper bound 2008. Longer than 2.5
hours deacetylation time resulted in decreased CO> permeability after carbonization. Fibers
deacetylated for short time than 2.5 hours gave brittle and curly fibers after both deacetylation
(yield after drying < 50% of good fibers) and carbonization. It could be that fiber surface is
fully deacetylated, however, non/partially deacetylated inner part of the fiber may cause

different drying rates on both surfaces which ultimately would result in curly or brittle fibers.
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In order to achieve high yield after deacetylation, an optimal drying procedure was established.
It was concluded that rate of drying and relative humidity (% RH) play a key role to produce
high yield of dry fibers. To achieve high yield, the fibers should be straight and mechanically
strong. Figure 7.4 (left side) presents the effect of RH on straigtness and usefulness of the dried
fibers. The straightness was graded a visual level range from 1-10, where 10 was very straight
fiber and 1 very curly fiber. The fibers dried at RH over 50% at ambient temperature were
straight and a high yield was obtained. It was observed that slow drying overnight with RH
changing from 90 to ambient maximized the yield of the dried cellulose fibers. Figure 7.4 (right

side) presents the yield of 460 spinning sessions of cellulose fibers dried using the drying
protocol developed by MemfoACT AS.
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Figure 7.4: Effect of humidity on fiber quality (figure on left), and yield of 460 spinning
sessions (figure on right)

The effect of %RH on gas permeation properties of carbon hollow fibers can be seen in figure

7.5. It was observed that fibers dried in RH: 65 —35% when drying overnight at ambient

temperature (23 °C) produced lowest number of carbon fibers. However, the gas permeation
properties of these fibers were better compared to the fibers dried in RH: 55 —35%. Maximum
number of good fibers possessing both high gas permeation properties and mechanical
properties were obtained at RH: 85 —35%. These results indicate that slow drying of fibers at
high RH humidity prevents the pore structure of dried cellulose fibers. It could be because
along the cellulose fiber, water exists in two states: as bonded water (strong hydrogen bonds
with cellulose molecules) and as free water (sorrounded by the bonded water and no contact
with the cellulose molecules) [136]. In the natural drying at lower RH: 55 —35%, the water

evaporated quite fast and the water-cellulose bonds were strong enough to pull the cellulose
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structure in a region with more dense/collapsed structure. However, in slow drying at higher
RH: 85 —35%, it could be that the hydrogen bonds of water-cellulose pulled the cellulose
structure closer and closer until new hydrogen bonds between cellulose chains were formed,

and keeping the pores structure stable as the free water evaporated gradually.
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Figure 7.5: Gas permeation properties of carbon hollow fibers from regenerated cellulose
precursor (RH: 80-35%, Black squares, RH: 65-35%, Red circles, RH: 55-35; green
triangles)

7.1.2. Paper — II: Pilot — Scale production of carbon hollow fiber membranes from
regenerated cellulose precursor: Part II- Carbonization procedure (Membranes
Journal 8(2018) 105)

The simultaneous carbonization of thousands of precursor fibers in a horizontal furnace may

result in fused fibers if the carbonization residuals (tars) are not removed fast enough. Paper-

IT describes the custom-made furnace and procedure to carbonize up to 4000 fibers in a single

batch. It was found that optimized purge gas flow rate and a small degree angle in the furnace

position may enhance the yield of high quality carbon fibers up to 97% by removing the by-
products. A smaller and more compact microporous structure with smooth surface was
obtained after carbonization of deacetylated fibers as shown in figure 7.6. Average diameter of
carbon fibers was 210 pm with wall thickness of 23 um. Carbonization is a critical step and

varying carbonization conditions would result in dissimilar carbon matrix for each carbonized

batch of hollow fibers.
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Figure 7.6: SEM images of carbon hollow fiber membrane, (a) cross section, (b) wall
magnified (c) inner edge of the wall magnified

The regenerated cellulose fibers were carbonized in a horizontally oriented 3-zone furnace.
Quartz tubes and perforated stainless steel (SS) flat grids were initially used to carbonize up to
4000 (160 cm long) fibers in a single batch. It was concluded that number of fused fibers
(sticking together due to residual products) could be reduced significantly by replacing the
quartz tubes with perforated grids. It was further observed that improved purge gas flow
distribution in the furnace with perforated grids and a 4-6-degree angle in furnace position
permitted the residuals to flow downward into the tar collection chamber. Carbonization under
an inert atmosphere, which is more realistic in an industrial process, was successfully
performed. The final temperature (thermal soak) was maintained for 2 hours in each protocol,
to reduce the number of dangling bonds in the carbon. This may reduce the aging (irreversible
sorption) behavior when gas permeation testing is carried out. In total, 390 spun- batches of
fibers were carbonized. Usually each perforated SS-grid contained 2000-4000 individual fibers
and these fibers comprised 4-6 spun-batches of vertically dried regenerated cellulose fibers.
Gas permeation properties were investigated for the produced carbon fibers.

Figure 7.7 summarizes the results of 390 spun-batches, carbonized both in the quartz tubes and
on the SS-grid. As can be seen in figure 7.7, on average 40% of the total carbonized fibers,
fibers in the quartz tubes, were fused and unusable. Although some batches exceeded to even
60% fused fibers. The brittle fibers obtained from the same batches were in the range from 0-
30%. The percentage of curly and collapsed fibers (not shown here) was between 0-5%. Hence
the “survival rate” of these batches was very low (< 10%). It was assumed (i.e. % of good
fibers) that honey comb arrangement of quartz tubes might create more uniform conditions in
cross-section within each bundle, but it was observed that the unequal flow rate of gas was

distributed in each bundle/tube.
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Figure 7.7: Fused and brittle fibers after carbonization, results with quartz tube (left), results
with SS-grid (vight)

Therefore, most of the residual produced during carbonization stayed inside the bundle
resulting in fused and brittle fibers. Using an angle on furnace (4-6 degrees by raising the closed
end of the furnace to enhance the flow of residue downward) improved the rate of survival but
still could not produce successful fibers consistently. Residual amount was also different in all
batches depending on the changed parameters during precursor preparation or number of fibers
in each carbonization batch. It could be noted that the survived fibers were always on the top
of the bundle and those in bottom part was fused.

The number of fused fibers were significantly reduced when carbonized on the perforated SS-
grids as shown in the figure 7.7. Usually each perforated SS-grid contained 2000-4000
individual fibers and these fibers included 4-6 spun-batches of vertically dried regenerated
cellulose fibers. Initially all fibers on the grid were placed in same direction (top side during
drying) for all batches. After several carbonizations, it was observed that the fibers fused more
only on one side of the bundle (top side). Hence the dried batches were arranged on SS-grid in
an alternating order (top of one batch in one direction neighboring with bottom of the other
batch and so on). It improved the number of survival fibers but there were still some fused
fibers in each bundle. Then a perforated grid with bigger openings (20 X 20 mm) was used
which increased and results were almost similar as with previous grid (10 X 10 mm). It was
observed that fibers on the bottom of the bundle touching to the grid and specifically sections

of the fibers in contact with SS-grid were sometimes fused and got stuck with the grid. That
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portion of the fibers became brittle and pulling it away from bundle (separating the fibers)
would break the fibers. Although numerous batches had zero fused fibers, but it was still
challenging to keep the consistent production rate. While gas distribution was improved by use
of grids, there were still some sections where pressure drop was higher (fibers not equally
dispersed on grid) and gas was not able to isolate the fiber-tar-fiber and fiber-tar-grid
connections.

The carbonized hollow fibers should be sufficiently strong, flexible, straight, and uniform to
produce bigger commercially modules with high packing density. The challenge during
carbonization is the fiber brittleness. As shown in figure 7.7, both carbonization methods
(fibers inside quartz tube and on SS-grid) had almost similar number of brittle fibers. These
fibers could not be looped into 10 mm diameter before they broke - this was used as the
definition of brittleness in this study. There might be two possible reasons for the brittle carbon
fibers: (1) varying properties of the precursor in each batch, e.g. partial deacetylation, fast
drying at lower relative humidity (40-30%), etc. (2) surface of carbon is not fully free from
low-molecular products (tar). In future research, a continuously rotating perforated tube (SS or
glass) is suggested for the carbonization of big batches. This would help to distribute the gas
equally in a more efficient way, remove the residual tar, and avoid the continuous contact of
fibers with tube and each other. Furthermore, a model to estimate the gas flow pattern inside
carbonization chamber would be very helpful to manipulate the gas distribution inside the
chamber for a homogenous flow.

The separation properties of the resulting membrane will be determined by the pore structure
formed during carbonization. It was observed that high temperature (700 °C) carbonization
resulted in dense membrane with decreased CO; permeability (up to 20 Barrer) and high
CO»/CHzs selectivity (above 200). Whereas, 650 °C final temperature improved the permeation
properties of the resulting carbon membranes by sacrificing some of the selectivity. It could be
that high temperature caused the carbon structure collapse (sinters) and the pore size was
decreased. However, at 650 °C the carbon structure was stiff enough to keep the high porosity
(high micropore volume) with effective pore size. It is important to note that a high carbon
yield is not wanted when making carbon membranes. Most important is high micropore volume
and effective pore size with a distribution as narrow as possible. However, the resulting carbon
should not contain any macrovoids or fractures and be a continuous matrix.

Figure 7.8 presents the permeation results of the carbon hollow fiber membrane prepared from
regenerated cellulose hollow fibers. As shown in figure 7.8, some batches were carbonized

under CO» atmosphere. Despite good permeation properties, the resulting fibers possessed very

76



weak mechanical properties. Fibers carbonized under vacuum had lower CO2 permeability and
selectivity values than when prepared in CO> or N> atmosphere. The membranes prepared in
N2 atmosphere exhibited high performance (as shown in figure 7.8) and good mechanical

properties. Therefore, rest of the batches were exposed to N, atmosphere during carbonization.
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Figure 7.8: Separation performance of carbon hollow fiber membrane when carbonized
under N> and CO; atmosphere (Final temperature: 650 °C) (1 Barrer =2.736E—09 m3(STP)m/m? bar h)

Geiszler and Koros [43] reported that an inert gas atmosphere resulted in more open, but less
selective CMSM matrix compared to vacuum carbonization. They explained this with
acceleration in the carbonization process due to increased gas phase heat and mass transfer.
The same authors also observed that CO; purge produced a highly porous, nonselective
membrane by oxidizing the carbon, and ten times reduction in purge gas flow rate caused a
decrease in the permeate flux which was presumably by the deposition of tar (carbon) either
on the membrane surface or in the pores. Based on our own observations where carbonization
in CO: atmosphere with previously mentioned flow rates looked promising, reasonable
permeability and selectivity was achieved, the yield of produced carbon fibers was significantly
reduced due to weak mechanical properties.

As already stated, N2 atmosphere was chosen to be used for rest of the batches. The optimized
flow rate of purge gas yielded mechanically strong fibers with acceptable gas permeation
properties. CM produced on pilot-scale plant showed equal or higher performance as compared
to laboratory scale carbon membranes in CO>-CH4 separation. The performance of carbon

membranes was enhanced further by chemical vapor deposition (CVD) process.
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7.1.3. Paper — IIl: CO: separation with carbon membranes, Durability and aging under
miscellaneous environments (Journal of Industrial & Engineering Chemistry 70(2019)
363-371)

To exploit the aging phenomenon in carbon membranes, this paper discusses the effect of
miscellaneous environments when fibers were in storage (static aging) or in operation. The
difficulty in carrying out any type of aging experiment on bundles of these CHF in a module is
that the membranes cannot be tested immediately after carbonization, as the time required to
prepare the modules is a minimum of 6 hours. The epoxy resin requires this duration of time
to set. Placing the module directly in the gas testing unit under vacuum, would cause distortion
of the epoxy resin, break the seal and hence the gas would permeate through the fibers as well
as the module resulting in an inaccurate evaluation of permeability.
To understand the aging, dry storage environments like air, vacuum, CO», etc. were studied. In
order to study the durability and aging during operation, CHF were exposed to biogas for
almost one year with H>S content extending from 0-2400 ppm, and gas permeation tests for
single gases, N2, CO2, CH4, and O, were analysed periodically at the membrane production
facility.
Effect of dynamic aging, defined as “aging under controlled environment and continuous gas
flow (air in this study) through the membrane” was studied. Following a period of 27 days,
permeation tests were conducted on a membrane module as a function of dynamic aging. The
pump was then disconnected from the module at the feed end and the module was exposed to
the atmosphere, undergoing a period of static aging (ambient temperature). A vacuum remained
on the permeate side of the module, to prevent the adsorption of air on the remainder of the gas
unit. Thus, this combination of dynamic and static aging was termed “intermediate aging”.

The aging effect on the CO» permeability of carbon membrane stored under different conditions

is shown in figure 7.9. Figure 7.9(a) presents the four sets of CHFM which are rolled in plain

paper and then stored at different conditions. The decline in CO» permeability is fastest for the
fibers lying on an open shelf, whereas slowest in the fibers stored inside the cabinet, which
decelerated the chemisorption phenomena by reducing the O supply inside the cabinet.

Apparently, membrane performance losses here are due to chemisorption of Oa, rather than

other contaminants.

Figure 7.9(b) shows the CO; permeability loss over time for CHFM rolled inside aluminum

foil and stored under different conditions. Low temperature (4 °C) was not helpful in preventing

or slowing the performance loss of the membranes. Not surprisingly, the identical effect as

figure 7.9(a) was observed for the CHF rolled in aluminum foil and stored inside the cabinet.
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In all cases, membrane performance becomes constant after all active sites on the carbon had

reacted or stabilized by the formation of oxygen surface groups.
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Figure 7.9: Storage of CHFM under different environments

The storage of CHF under vacuum was helpful in keeping the membrane performance to some
extent. Figure 7.9(c) illustrates the change in CO2 permeability when CHF were stored under
vacuum in different conditions. Fibers stored inside an ABS tube under vacuum slowed down
the aging effect until first 28 days and then performance remained constant for next 32 days.
First permeation test was performed 10 days after the carbonization and then fibers were stored
under vacuum, which explains that some reactive sites of carbon surface had formed oxygen
surface groups during first 10 days reducing CO> permeability from 74 to 33 Barrer, however
applying vacuum helped in slowing down and further preventing chemisorption of O2, when
stored inside ABS tube. CHF stored in vacuum bag was not effective to prevent the aging and
that was due to small leakages present in vacuum bags. Figure 7.9(d) shows the aging
comparison for CHF stored under CO> atmosphere and in open air. It was observed that fibers
stored under CO> environment lost the performance faster than fibers stored under open air
inside the lab.

Dynamic aging had a promising regenerative effect on the membranes to recover some

permeability. The fibers which underwent dynamic aging were not susceptible to static aging

79



anymore. They showed the same performance even after 128 days when stored in the laboratory

environment.
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Figure 7.10: CO: permeability drop at Field-1 (figure on left); Relative change in
permeability of N2, CO3, Oz, and CHy afier exposed to Field-2 and Field-3 (figure on right)
In total, 31 modules of area 0.5-2 m? for each module were used to separate biogas in actual
biogas field for days ranging from 25-212. Most of these modules lost 40% CO; permeability
within a few days after installation and were stable afterwards. It explains that after oxygen
adsorption (whether during module preparation or in a later stage) CHF start stabilizing without
further loss in performance. CHF were mechanically stable at 20 bar in real industrial
conditions. Figure 7.10 (left side) is presenting the loss in CO, permeability as a function of

exposure time for 31 modules.

Further real gas exposure was performed in two biogas fields by exposing CHF to the H2S in
the sequence high-low-high concentrations. Membranes installed at high H>S (150-2400 ppm)
concentration lost CO» permeability by up to 65% in 125 days, and 55% of this lost
permeability was regenerated by exposing membrane to a biogas field with low H2S (<5 ppm)
concentration for 100 days. When this membrane was installed again on high concentration
field, the COz permeability was stable for the next 50 days. Relative change in permeability of
02, N2, CH4, and CO;, after exposure at Field-2 and Field-3 is shown in figure 7.10 (right side).

7.2.  Carbon membrane applications

In this section, the main results from papers IV, V, and VII will be discussed. Paper-1V focuses
on pilot scale module construction, CVD, high pressure and elevated temperature testing, and
simulations for natural gas application of carbon membranes. Paper-V is about the process

design, simulations for a pilot scale biogas upgrading plant, construction and demonstration of
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carbon membrane-based pilot plant for biogas upgrading to vehicle fuel. However, Paper-VII
discusses the carbon membrane application in air separation market. This paper also describes
a novel online electrical regeneration method to regain the lost membrane efficiency due to

continuous oxygen exposure.

7.2.1. Paper—1V: CO; separation with carbon membranes in high pressure and elevated
temperature applications (Separation and Purification Technology 190 (2018) 177-
189)
In this paper, procedures for pilot scale module construction, selective clogging, and CVD
processes were explained in detail. Simulations were performed for a two stage process with
recycle stream to achieve optimal membrane area and energy requirement for maximum
recovery of CH4 in natural gas application. Thermal expansion experiment was filmed during
the entire heating and cooling cycle and snapshots indicated that fibers are intact and stable up
to 374 °C. Above this temperature, change is probably due to oxidation.
To enhance membrane permeation properties, the pore structure was tailored by means of an
oxidation and reduction process followed by chemical vapor deposition with propene and
named as “modified carbon hollow fibers (MCHF)”. Permeation properties using shell-side
feed configuration of 70 modules (0.2-2 m?) for both CHF and modified carbon hollow fibers
(MCHF) were investigated for single gases performed (using standard pressure-rise set up
[137]), N2 and CO» at high pressure (2-70 bar feed vs 0.05-1 bar permeate pressure) and
temperature from 25-120 °C. Maximum CO; permeance value for a MCHF module was
recorded 50,000 times higher compared to prior modification, and CO2/N; selectivity was
improved 41 times. Results indicated that carbon membranes are hardly effected by high
pressure, but significant drop in CO; permeability was observed at elevated temperature.
A membrane module consisting of two MCHF was used for high pressure experiments to
understand the behavior of pure gas COz and N2 permeation (fluxes, pure gases) at seven
different pressure set points for shell-feed configuration as shown in figure 7.11 (left). In this
study, all experiments were done at 1 bar pressure on the permeate side.
Permeabilities of N2 and CO» changed, but the effect was much smaller, and it explains that
the dominant mechanism here is molecular sieving, which is not being affected by pressure for
pure gases. It was found that the carbon membrane is not swollen by high partial pressures of
COz. Fibers were fed to shell side, however, pressures higher than 70 bar were not tested at our

facility due to HSE (health and safety executive) limitations.

81



500 ; - r 500

- 10
450 L I | L] LI | [ -+--CO,|
400 = CO2 :~~~ AN, .
] 1 400 - RSN R
N, r e
350 _ <
= B =
2 300 45 e
g @, 300 s
s > 8
z £ 2
= = 2
3 200 18 1+ 2
2 £ 200 3
E 150 H 2
& = &
100 d \ 12
50 100 4 _
1 o o Q o o > o o e hmmm— == Acmmmme e m = A
0 . : . . . . . . 50 T 7 T T T T T T T T 0
0 10 20 30 40 50 80 70 20 30 40 50 60 70 80 90 100 110 120 130
Delta P (bar) Temperature (°C)

Figure 7.11: CO> and N: permeability at elevated pressure (T:23 °C) [Left], Effect of
temperature (P: 5 bar) [right]

In the later stage, dynamic mechanical properties of MCHF were measured and then burst
pressure was calculated by Barlow's formula. The fibers were kept bore side fed at 60 bar (10%
COz in N») for 1 hour. It was observed that fibers are quite stable when fed through bore side
as well.

To investigate the temperature dependence of mass transport through the MCHF, pure gas CO»
and N> has been studied between 23 and 120 °C as shown in figure 7.11 (right). The extensive
temperature span showed that CO; and N have different transport behavior with the
temperature elevation. For inert gases, the separation can be done at temperatures up to the
carbonization temperature (~500-800 ‘C). If the operational temperature is limited by the
sealing material, this may be overcome by installing heat exchangers at the module ends. As
shown in figure 7.11, CO; permeability declined significantly almost 50% in a linear fashion
when the temperature was increasing. Fuertes et al. [14] suggested that the CO> permeability
decline at high temperature and low pressure is a result of a compensation between increasing
mobility and decreasing adsorption. In contrast, the effect of temperature on N> permeability
was very low and above 45 °C, the N> permeability was almost constant.

A total of 70 CHF modules of effective area range 0.2-2 m? for each module, were modified to
study the effect of pore tailoring process and separation performance of CHF and MCHF. The
results are shown in figure 7.12. Single gas N> and CO» permeation tests were before and after
modification at 23 °C, 5 bar feed (shell-side configuration) pressure and vacuum on permeate
side. Permeation results indicated that overall performance of all modules was improved after
physicochemical treatment of the membrane surface, and performance for most of the MCHF
was above the Robeson’s upper bound 2008 as shown in figure 7.12 [30]. In a few modules,

selectivity was reduced after surface treatment and the reason may be that the chemical vapor
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deposition process did not create a sufficient layer on all the fibers, or that the oxidation-
reduction process opened the pores too wide before or after the CVD process. The modules
referred in figure 7.12 contained fibers between 200-2000. Numerical values of CO2/CH4

selectivity, CO2 permeabilities, membrane area for CHF and MCHF are shown in table 7.1.

10° T T T

T
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Robeson upper bound (2008) e MCHF
/

Selectivity CO,/CH,

T
10 10° 107 10" 10° 10' 10° 10° 10* 10°
COz permeability (Barrer)

Figure 7.12: Separation performance of CHF and MCHF

Table 7.1: Separation performance of CHF and MCHF

CHF MCHF
No. Area Selectivity CO, Permeability Selectivity CO, Permeability
m? CO,/CH,4 Barrer CO,/CH,4 Barrer
1 1.0 21 1.75E-02 60 1.60E+02
2 0.8 33 2.18E-02 48 2.46E+01
3 0.7 12 2.81E-02 24 1.05E+02
4 0.8 12 1.63E-02 39 9.82E+01
5 1.0 18 2.05E-01 45 6.47E+01
6 0.9 9 1.11E-02 69 1.76E+02
7 1.0 3 4.80E-02 72 1.04E+02
8 0.7 6 2.43E-02 54 3.10E+02
9 1.0 15 4.68E-02 138 1.55E+02
10 0.8 27 6.59E-03 60 3.08E+02
11 1.1 9 1.78E-02 45 1.78E+02
12 0.7 3 1.15E-02 69 2.52E+02
13 0.8 9 1.61E-02 51 1.23E+02
14 1.0 3 1.69E-03 57 2.62E+02
15 1.0 12 5.76E-02 42 5.96E+02
16 0.9 6 6.20E-03 246 3.18E+02
17 1.1 51 5.57E-01 48 3.39E+02
18 1.0 12 9.88E-02 165 1.31E+02
19 1.3 15 1.18E-01 21 1.25E+02
20 1.1 21 1.68E-01 42 2.93E+02
21 1.1 51 1.92E+00 45 2.45E+02
22 1.0 51 1.97E+00 42 1.80E+02
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23
24
25
26
27
28
29
30
31
32
33
34
35
36
37
38
39
40
41
42
43
44
45
46
47
48
49
50
51
52
53
54
55
56
57
58
59
60
61
62
63
64
65
66
67
68
69
70

1.5
1.4
1.5
1.4
1.5
1.4
1.4
1.6
1.7
1.7
1.9
1.6
1.1
1.5
1.5
1.7
1.6
1.7
1.4
1.5
1.4
0.3
0.3
0.3
0.2
0.2
0.2
0.2
0.2
0.2
0.2
0.3
0.3
0.3
0.3
0.2
03
0.2
0.2
0.2
0.3
0.1
0.3
03
0.9
1.0
0.9
1.1

72
90
39
33
54
72
81

69
36
66
84
39
87
63
54
63
66
90
69
129
117
123
111
78
144
39

69
102
51
99
93
108
129
90
102
75
81
81
93
147
72
96

21
57
33

3.14E+01
7.09E+00
1.24E-01
3.19E-01
1.19E+00
1.90E+01
2.59E+01
8.39E+00
8.27E-01
4.83E-01
1.69E+01
2.41E+01
1.30E+00
6.62E+00
3.25E+01
4.37E+00
1.70E+01
1.22E+01
5.45E+01
4.22E+01
1.25E+00
6.36E+00
4.04E+01
6.76E+01
6.09E+00
2.23E+01
2.25E+01
2.94E+00
9.22E-01
2.08E+01
8.30E+00
5.89E+00
3.46E+00
3.56E+01
7.56E+01
1.06E+01
1.79E+01
6.82E+00
1.96E+00
1.52E+00
6.49E+00
1.44E+00
1.39E+00
8.83E+00
1.53E+00
1.84E+01
6.65E+01
1.00E-02

36

48
39
48
42
39
36
36
57
45
27

54
27

48
21
30
27

33
36
33
33
48
45
96
69
48

108
150

2.42E+02
2.90E+02
8.76E+01
2.35E+02
2.40E+02
2.52E+02
3.80E+02
3.23E+02
3.34E+02
2.80E+02
2.94E+02
3.87E+02
3.06E+02
7.70E+01
3.81E+02
1.89E+02
2.77E+02
7.71E+02
5.16E+02
5.60E+02
1.46E+02
1.44E+02
8.55E+02
8.76E+02
5.51E+02
4.02E+02
5.20E+02
3.82E+02
2.88E+02
1.53E+02
5.16E+01
2.25E+01
5.03E+01
4.54E+02
6.55E+02
2.32E+02
8.05E+02
5.04E+02
1.68E+02
1.85E+02
2.03E+02
1.08E+01
1.26E+02
2.99E+02
4.57E+01
7.52E+01
7.02E+01
1.51E+01
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Selection of a separation process is entirely based on economic considerations. Costs must be
calculated for every specific separation problem in details and it cannot be considered very
general. In paper-1V, the effect of CO» contents in feed for a fixed product purity (98% CHs)
and loss (2.5% CH4) using membranes with different efficiencies was also simulated and hence
the subsequent effect on total cost in form of membrane area and compression duty was
evaluated. A short capital cost comparison among MCHF, polyimide and CA membranes,
which include the capital cost of the membrane and installed compressor for required duty was
investigaed.

The modified carbon membranes offer high efficiency in a single stage process reducing
methane losses, footprint, and energy consumption as shown in figure 7.13 (Gas permeation
properties used in the simulations are, CO:: 318 Barrer, CHy: 1.3 Barrer, (1 Barrer =2.736E—09
m’(STP)m/(m2 bar h))). Results indicate that CH4 recovery of 99.2% can be achieved in a single
stage with MCHF membrane system when 5% CO- is present in the feed gas. Required
membrane area is almost constant from 20% and higher contents of CO> in natural gas which
indicates that area is fully optimized towards the desired purity and recovery of methane.
However, two stage process with recycle was required to achieve desired purity and recovery

while using polyimide or CA membrane.
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Figure 7.13: Required membrane area and CHy4 recovery in a single stage MCHF system

For the natural gas facility, in the case of single stage separation, the largest cost item is the
membrane and associated housing for high pressure, because there is not any compression cost
associated with natural gas feed, which is already at high pressure. But in the case of two stage
membrane system, the need for compression of recycle stream adds up the cost as shown in
figure 7.14.

Due to the limitation caused by plasticization, CA membranes were simulated for maximum

30% COz contents in feed at 50 bar, whereas maximum 50% CO> was considered for other
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membranes [138]. From the results, for the natural gas stream, increasing the membrane
performance (both permeability and selectivity) reduces the process complexity by achieving
the goal in a single stage and hence reduces the total cost. Although MCHF membrane price is
higher than polyimide and CA membranes, still the separation process with MCHF is
economical and offers small foot prints owing to only single stage requirement. Carbon hollow
fiber membranes are still in the development phase, and the membrane price will most likely
be reduced by further optimization of the carbon membrane production and modification

process in the future.
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Figure 7.14: Total cost per Nm? of feed for CA and polyimide two-stage membrane process
and MCHF single stage process

A schematic plot (adopted from Baker and Lokhandwala [4]) illustrating the effect of gas flow

rate and CO> composition on the choice of the separation process is shown in figure 7.15.
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Figure 7.15: MCHF application region in “gas flow rate and CO; concentration diagram”
adopted from Baker and Lokhandwala [4]
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High CO, concentration and low flow favour carbon hollow fibers membrane processes. Stand-

alone membrane systems are ideal for small distributed fields with small gas flows (< 20
million scfd / < 23,600 Nm?/h). Membrane area is dictated by the percentage of acid gas
removal rather than absolute acid gas removal, and small variations in feed acid gas content
hardly change the sales-gas purity. In the case of MCHF, the membrane has high performance
which keeps the membrane far into the selectivity driven region and the installed area is not
much effected by CO> contents in the feed. Simulation data showed that installing a MCHF
membrane area for 20% CO; contents can work for CO; range of 1-50% with less than 1% loss
in both purity and recovery. Installing membrane area for equal or below 5% CO2 contents
brings it into the pressure ratio driven region and additional compression cost adds up, (pipeline

purity and recovery) if actual CO> concentration increases in the line.

7.2.2. Paper —V: Vehicle fuel from biogas with carbon membranes; a comparison between
simulation predictions and actual field demonstration (Green Energy & Environment
(2018) 1-11)
This paper describes carbon membrane based biogas upgrading process and design of a
multimodule membrane system (MMS). The results from biogas upgrading plant are discussed
and compared with simulation resutls. The capital cost and running cost of the plant were also
compared with simulated values. A pilot-scale separation plant based on carbon hollow fiber
membranes for upgrading biogas to vehicle fuel quality was constructed and operated at the
biogas plant, belonging to Gler IKS, Lillehammer, Norway by MemfoACT AS. Vehicle fuel
quality according to Swedish legislation was successfully achieved in a single stage separation
process. The first trial was run relatively quickly, using one MMS comprising of medium sized
membrane modules of low permeance, and a feed flow rate of 4 Nm?/hr was applied. The
CO2/CHy selectivity obtained in this run was quite low, and high permeance was recorded
compared to the values estimated from individual module testing and MMS results at the
production facility. Two reasons were considered: firstly, the trial was run for too short time,
and it is unlikely that the permeate stabilizes so quickly, therefore, relatively low selectivity
was obtained in the beginning. Stabilizing the permeate concentration for the low permeance
modules may take days, due to long residence time on the permeate side of the MMS. Secondly,
due to fiber breakage as carbon hollow fibers being self-supported hold relatively poor

mechanical stability.
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The plant was stopped, and MMS was opened to check the fiber breakage. Each medium-sized
module was tested using air pressure and soap water to find the leakage in the modules. Many
broken fibers were found which ultimately were manually clogged on site using epoxy “Loctite
3090”. It was considered that vibration from compressor could break the fibers as many of the
broken fibers were found close to the support legs of MMS where vibration effect was at
maximum. Therefore, the membrane skid was dampened down to reduce the vibration

amplitude and ultimately the broken fibers during operation.
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Figure 7.16: Carbon membrane separation process for biogas upgrading, Flow rates as
"solid lines" and CH4 contents as "dots" in the graph

These initial problems of fiber breakage were solved, and in the fourth test the pilot plant was
run for eight days at stable conditions and measurements were done periodically both by an
online infrared analyzer and a portable analyzer. The plant was working as expected by giving
required vehicle fuel quality as shown in figure 7.16. The results in figure 7.16 show that CH4
concentration in the feed, retentate and permeate streams and flow rate of each stream was
almost constant during the cumulative test period of 192 hours. The concentration of CH4 in
the product stream was 96 mol% (CHs loss: 2 - 4%) throughout this time, and maximum
selectivity for CO2/CH4 was measured 130. Thus, the feed pressure of 21 bar (against the 0.1
bar in permeate) the required methane purity (96%) and recovery (98%) of the product was
achieved in a single stage process (estimated through simulations before installation). As
already mentioned, the first three operations were not successful and very low selectivity was
achieved due to the fiber breakage problem. This was however resolved, and the plant was
working as expected by giving required quality vehicle fuel. The effective membrane area was
significantly reduced due to the manual clogging process of broken fibers. The modules with a

high number of damaged fibers were later replaced by the good performing modules. After
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installation of the good modules, the membrane area that was lost due to clogging was only
about 1-2% of the total installed membrane area.

To make an economically viable membrane separation process, both high permeability and
high efficiency (selectivity) are needed. The total capital investment was quite close to the
projected values based on simulations. The membrane cost was considered $ 100/m? in the
simulations based on knowledge from pilot-scale production at MemfoACT AS. The running
cost was much lower (0.014 €/Nm? of biogas upgraded) than the polymeric membranes (0.05
€/Nm?) reported in literature. However, the brittleness of hollow fibers remained a challenge
and the total cost of the membrane was almost doubled when required membrane area was in
operation at the biogas facility. Hence, the total capital investment and production cost
increased because of that extra membrane area. The energy consumption by the compressor
and vacuum pump, product (methane) purity, and methane recovery were very much

comparable with the simulated results.

7.2.3. Paper — VII: Carbon membranes for oxygen enriched air — Part I: Synthesis,
performance, and preventive regeneration (Separation and Purification Technology
204 (2018) 290-297)
Chemisorption of oxygen on the active sites of carbon layers limits the use of carbon
membranes in air separation application. A novel online electrical regeneration method was
successfully applied to prevent the active sites on carbon surface to be reacting with O while
the membrane was in operation. The rationale behind the study of preventive electrical
regeneration (PER) was to add ohmic heating (Ohm’s law) to desorb the molecules and prevent
new adsorption. Electric potential is a very strong driving force compared to pressure. It was
presumed that while introducing elecric current, the cross coupling of driving force and mass
flow would enhance the membrane flux by reducing the adsorption of gas molecules on the
pore edges. An online regeneration (DC: 44-55 pA, 10V) was tested to achieve a stable
performance of CM in air separation application. In addition, thermal and chemical
regeneration methods were also pursued to find an effective, simple, and economical solution
to restore the membrane performance. The term “Preventive electrical regeneration” (PER)
was used for the electric regeneration in this study. PER means a continuous supply of electrical
potential during membrane operation to prohibit the molecules adsorbing on the membrane
surface. In order to test the performance of carbon membranes for air separation, the impact of

temperature on Oz and N> permeability at constant pressure and feed flow rate is plotted in
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figure 7.17. The results reported are from pure gas permeation experiments. He et al. [107] has
performed the mixed gas experiments on the same type of CM (same protocol) and results
indicated that the membrane performance is same or even higher in some cases for mixed gas
as compared to single gas separation. Singh et al. [12] also confirmed that pure gas permeation

properties were within 3% of mixed gas permeation properties for the pyrolyzed hollow fibers.
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Figure 7.17: Effect of temperature on Oz and N> permeability (P:5 bar)

The trend in figure 7.17 shows that O» permeability is increasing exponentially with increase
in temperature which is also comparable with an Arrhenius law type effect. The high
permeability is a result of high diffusivity and high solubility as well, and the increase in O2
permeability here indicates a more open molecular matrix aiding O> flux. Whereas, change in
N> permeability is quite modest with an increase in temperature. The carbon matrix is
comprised of relatively large pores interconnected by constrictions of negligible thickness that
approach the dimensions of diffusing molecules. In this case, penetrant molecules require
characteristic activation energies to overcome the resistance at the constrictions. Hence, a small
increase in activation energy in form of high temperature increased the activated diffusion of
O; and N,. Permeation experiments were performed at 20, 35, 45, 50 and 68 °C in order of

increasing temperature.
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Figure 7.18: O> permeability and O:/N: selectivity of CM with respect to Robeson upper
bound curve (2008) [30]
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Figure 7.18 presents the Robeson upper bound (2008) and as can be seen, the membrane
performance for all experiments reported here, are in the commercially attractive region.
Chemisorption sorption occurs only on active sites; therefore, it might be that the O, had
already penetrated the micro and ultra pores of the carbon structure and occupied a large
fraction of the active sites and formed covalently bounded O-bridges with the carbon. However,
further blockage of pores occurred by physiosorption when H»S, CO; and hexane molecules
were present in WCG and adsorbed on the carbon surface. The strong aging may be explained
by both a strong physiosorption of bigger molecules on the carbon surface and chemisorption

in the matrix.

Flushing the module with propylene for 24 hours could partially (ca. 10%) restore the lost
permeability for both Oz and N2, but selectivity decreased further. Propylene acted as a cleaning
agent by removing adsorbed compounds from carbon surface and the exposure broadened the
membrane pores, thus reducing the resistance to the transport of Oz and N». Thermal treatment
of the membrane at 80 °C for 24 hours could not regain the lost flux. Instead, the permeability
values for both Oz and N> decreased as shown in figure 7.19. It might be that all the reactive
sites cleaned by propylene were occupied again by the adsorption O2 which blocked the pores
and ultimately decreased the permeability of both gases. The thermal limitations of the used

epoxy in module construction prevented the use of elevated temperature in this study.
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Figure 7.19: Relative change in permeability and selectivity of O2/N: after chemical and
thermal treatment

Electrical regeneration with 10V DC yielded a positive effect for the O> permeability when

applied while membrane was in operation and being exposed to WCG, as shown in figure 7.20

(left).
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Figure 7.20: Aging of CM under different environments and effect of electrical regeneration
on Oz permeability (left) and N> permeability (right)

The O2 permeability increased by 15% but the effect did not last long. Later, the membrane
was stored in air for five days and the membrane lost some of the permeability. After repetition
of the electrical regeneration along with WCG exposure did not gain the lost permeability but
rather it declined and lost 20% of the initial value after exposed to WCG for 12 days. Almost
similar effect was observed for Na with 5% increased permeability in the first attempt of electric
regeneration, as shown in figure 7.20 (right). The effect of applied current was instantaneous,
indicating that electrostatic repulsion was also active. Desorption or an instantaneous change
would not result only by Ohmic heating. Therefore, some other factors could also be
contributing in the results. One explanation for this opposite behavior of current could be that
electro potential driving force and cross coupled mass transfer were influencing the flux
through the membranes. Deconvolution of electric field effects and heating effects on
permeation is a challenging task. Mixed gas tests with applied current will probably provide
more insight to this problem. The N2 permeability dropped in a continuous way after the first
electrical regeneration till the end of the run (130 days) by losing 60% of the initial value.
Although, the lost performance was partially regained for O after 10 days’ exposure to RBG
and remained steady for next 3 months. But the observed phenomenon is still unclear with
respect to how the electric current desorbs the absorbed gases.

Regenerated cellulose-based carbon hollow fiber membranes produced at the pilot-scale plant
demonstrated competitive air separation properties. Experimental results showed that elevated
temperature operations increase Oz permeability without significant loss in O2/N; selectivity.
The prepared CM had reasonable performance over a time span of about 5 months under harsh
environments (air, H2S, n-Hexane, CO2, CH4). Online preventive electrical regeneration (PER)

enhanced the O, permeability by eliminating the aging effect on the membrane and the O2/N;
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selectivity was also increased. However, it is important to note that aging behavior of CM may
depend on the precursor and the manufacturing conditions used. Carbon membranes with e.g.
different structure and surface chemistry will behave differently as also shown by other

researchers.

7.3.  Simulations and cost estimation

This final subsection culminates in two simulation-based papers, paper-VI and paper-VIIIL, that
consider cost analysis and sensitivity analysis in CO2-CHg and air separation processes while
using carbon hollow fiber membranes, respectively. Paper-VI discusses the results from
membrane simulations which compare carbon membranes, modified carbon membranes (after
CVD), and polyimide membranes in biogas application. Paper-VIII discusses different
compression approaches to achieve oxygen enriched air. That paper also describes an efficient
way to obtain oxygen enriched air with low capital investment and running cost while using

carbon membranes. Single gas properties were used in all simulations.

7.3.1. Paper — VI: Techno-economical evaluation of membrane-based biogas upgrading
system; a comparison between polymeric membrane and carbon membrane technology
(Green Energy & Environment 1(3) (2016) 222-234)

This simulation investigations were directed towards finding the efficient membrane-based

process for biogas upgrading to vehicle fuel. A carbon hollow fiber (CHF) membrane, modified

carbon hollow fiber (MCHF) membrane, and a commercially available polymeric membrane

(polyimide) were compared through economical assessment. Single, two, and three stage

membrane configurations with and without recycle stream were investigated to achieve 97.5%

CHy4 purity and 99.5% CHarecovery.

Table 7.2: Gas permeation properties used in the simulations

Membrane Type Permeability, (Barrer) Single gas selectivity Reference
CO, CH4 N COy/CHs  CO»/Ny

Polyimide hollow 2147 0.62 0.69 34 31 [139]

fiber

CHF 40 0.45 1.32 90 30 MemfoACT AS

PORCHF 154 0.63 1.9 245 81 MemfoACT AS

Benchmarking

. 102 1.02 3 100 34 See text
Polymeric membrane

[Assumed selectivity wall thickness of polyimide 01 um and 20 um for rest of the membranes]
(1 Barrer =2.736E—09 m’(STP)m/(m? bar h))
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A benchmarking polymeric membrane was considered for comparison, as a future biogas
upgrading membrane with a 1 um thick selective layer, having a permeability of 100 barrer
and a selectivity of 100 for CO2/CH4, which is above Robeson upper bond 2008. Gas
permeation properties of CHF and PORCHF with other membranes used in the simulation of
this work, are shown in table 7.2.

A water-saturated biogas stream of 300 Nm?/h with 3000 ppm of H>S was considered as a base-
case. Biogas enters into biological H2S remover for bulk removal down to between 50-100 ppm
and passes further through activated charcoal, where H»S is taken down to below 1 ppm. The
refrigeration process followed by zeolite molecular sieve was used to remove water from
biogas in order to achieve a dew point of -10°C at 200 bar.

Biogas was compressed to required feed pressure (6, 8, 10 bars) and then filtered to remove
dust and oil droplets before entering the membranes. Biogas was fed to the membrane and the
resulting biomethane was compressed up to 250 bar before it is stored for further usage as a
vehicle fuel.

Simulations results showed that polyimide membrane requires lowest membrane area to
achieve desired purity and recovery of CH4 while using a three stage membrane process at 10
bar feed pressure. However, PORCHF needs lowest energy to achieve the desired results in a
two stage process when recycle stream is used.

Operating cost of a biogas upgrading process depends largely on the compressor duty, and the
recycle ratio (recycle/feed) higher than 1 can increase this compression energy requirement to
a higher level. Results obtained by the simulation of different membranes with two and three
stage configurations are plotted in figure 7.21 and figure 7.22. The figure 7.21(A),
demonstrates the recycle ratio at 6 bar feed pressure, which is seven for the two-stage polyimide
membrane system and it would result in high operating cost; in the form of compression energy
and also, a compressor with high capacity is required to treat the total volume of the gas which
would increase capital cost as well. Whereas, the recycle ratio is below one (figure 7.21 (A))
for PORCHF membrane system and the compression duty required for this system is one fourth
of the amount required for two stage polyimide system as shown in figure 7.22 (A). The
efficiency of a membrane system increases with high selectivity as it can be seen from the
recycle ratio and specific duty plots. The data showed that PORCHF having highest selectivity
gives lowest recycle ratio and the required specific duty values. It was observed that the recycle
ratio decreases in CHF and PORCHF membranes unlike polyimide membranes with high CO»
present in the feed. It is very important to choose an optimal point where capital investment

and running cost are low and the system is efficient at the same time.
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Figure 7.21: Recycle ratio at different CO: loadings in feed at 23 °C, (A) at 6 bar, (B)
at 8 bar, (C) at 10 bar
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Figure 7.22: Specific Compression duty at different CO; loadings in feed at 23 °C, (A)
at 6 bar, (B) at 8 bar, (C) at 10 bar

The increasing of feed pressure to 8 bar results in lower recycle ratio and energy demand.
However, for two stage polyimide membranes, recycle ratio is still quite high especially when
50% COgz is present in the feed as shown in figure 7.21 (B). The figure 7.22 (B) indicates that

the specific duty required is still four times higher for the polyimide membrane system as
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compared to PORCHEF system. Plasticization effect inhibits polyimide membrane to go to high
pressures [140], so maximum pressure tested for polyimide membrane systems was 10 bar in
this section of work, which shows high recycle ratio in two-stage configuration as shown in
figure 7.21 (C). The three-stage system with polyimide shows recycle ratio about 1 for 8 bar
and 10 bar simulations, and the specific energy demand for three stage polyimide was double
as compare to PORCHF membrane system.

A sensitivity analysis showed that assuming an optimized process producing PORCHF at a
price of $ 60/m? instead of $ 100/m? and a membrane lifetime of 7.5 years instead of 5 will
give NPV for PORCHF of $ 8.8M while using 50 bar feed pressure in a two-stage membrane
system with recycle stream. However, applying 70 bar feed pressure can increase NPV for
PORCHEF over $§ 9M which is comparable with a three-stage polyimide-based system that is

operating at 20 bar feed pressure as shown in figure 7.23.
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Figure 7.23: NPV comparison of three stage polyimide and PORCHF membrane
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7.3.2. Paper — VIII: Carbon membranes for oxygen enriched air —Part II: Techno-economic
analysis (Separation and Purification Technology 205 (2018) 251-262)
After getting good results of membrane performance for air separation and online electrical
regeneration in paper-VII, this paper-VIII (second part of paper-VII) discusses the optimal
conditions to obtain equivalent pure oxygen (EPO>) at lowest cost. Experimental data and a set
of predictive values were simulated to find the most efficient way of achieving EPO; in below
$ 100 for small scale plants (1-10 tons/day). Three different approaches with respect to pressure
were investigated; (1) feed compression (FC), (2) vacuum on permeate side (VP) and (3)
combination of (1) and (2)- (FC-VP). Simulation results indicated that these carbon membranes

may produce 78% O:-enriched permeate stream and at the same time obtain 15% Oz (hypoxic)
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retentate stream in a single-stage process when using combination of feed compression and
vacuum on permeate side (FC-VP) as shown in figure 7.24. Although retentate stream usage
was not considered in the economic calculations, the retentate stream may be used as hypoxic
air (Air containing 15 vol% O» is named as hypoxic air, and over the last years use of the
hypoxic air has increased in venting system to reduce the fire hazards. Further, in
multifunctional buildings, electrical appliance rooms and computer rooms use of hypoxic air

have been found to be essential to societal important functions [141].
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Figure 7.24: Mole-fraction of O; in permeate and retentate streams as _function of stage cut
in a single stage separation process (O2/N: selectivity: 18)

Figure 7.25 presents the energy requirement while using different compression approaches. As
can be seen FC and FC-VP approaches offer maximum energy requirement at lowest stage cut.
However, the energy demand reduces up to 50% at stage cut of 0.25. The FC-VP approach
offers high energy requirement because a direct feed gas (air) compression require a higher
energy and in this context, using vacuum pump at the same time will need even more power as
shown in figure 7.25. At the contrary, lowest energy requirement of vacuum pumping in VP
approach results from the fact that the permeate flow only has to be pumped. The VP approach
is an energy efficient process compared to FC, FC-VP, and cryogenic distillation.

The simulation results indicated that although the membrane performance (experimental data)
is within the commercially attractive region of Robeson plot as previously shown in figure
7.18, and FC-VP approach has lowest production cost $§ 644/ton of EPO», the price is

nevertheless very high compared to other technologies. Increase in O permeability to some
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extent would scale down the effect of membrane price on FC-VP approach since the membrane

area is optimized for the required production rate.
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Figure 7.25: Required energy to produce 1 ton of EPO: as a function of stage cut while using
different compression approaches (Energy for cryogenic unit: 285 kW/ton of 99.6% O;
[120]), Required membrane area (O: permeability: 10 Barrer)

As discussed earlier in Paper-VII, the O> permeability and selectivity of O2/N2 are very much
dependent on operating temperature. Thus, higher temperature offers high Oz permeability with
sufficient O2/Nz selectivity to keep the membrane in the commercially attractive region.
Operating membrane at 205 °C gives O permeability of 300 Barrer with O2/N; selectivity of
18 in comparison to operation at 190 °C which offers Oz permeability of 200 Barrer with O2/N:
selectivity of 18 (according to Arrhenius model extrapolation of experimental data). Elevated
temperature operations are costly, so the extra energy cost adds up to the TCI and PC per ton
of EPO». The adiabatic heating of the compressor can be utilized to increase the gas temperature
for achieving higher flux. Depending on compressor type, the actual compression may heat the
gas significantly to increase the temperature to well beyond 100 °C. In addition, the separation
operated at elevated temperature may act as regeneration by removing physically adsorbed
gases and eliminating the water aging effe on the carbon membranes. However, a good
sealing/potting material for module construction is challenging to develop when operating at

temperatures higher than 150 °C.
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Figure 7.27: Effect of CM life time on PC of EPO: for different compression approaches (CM
cost: $100/m’

The plots in figure 7.26 demonstrate the lowest production cost (PC) per ton of EPO, (bar
chart) and total capital investment (TCI) (scatter plot) for different compression approaches at
optimal stage cut and different predicted permeability values. Results show that FC-VP
approach is the most efficient approach to produce EPO2 economically for the CM discussed
here. This approach can produce a ton of EPO; below $ 100 if the membrane permeability is
200 Barrer and O2/N> selectivity of 18, and this performance can be accomplished either
operating the membrane at 190 °C or adding nano particles to the precursor.

Sensitivity Analysis was used to identify components that are most sensitive to achieve

economically suitable results. This section presents the results of simulation analysis in which
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impact of different variables on TCI and PC per ton of EPOz is investigated and discussed. The
parameters investigated here are membrane cost, membrane life time, and operating
temperature which directly is related to the permeability of the membrane. Figure 7.27 presents
the percent decrease in PC/ ton of EPO2 when CM life time is increased to 10 years. The results
show that production cost is significantly affected by the membrane life time while using VP
approach. The production cost can be reduced 73-78% by doubling the membrane life and
keeping the cost $100 per m?. The membrane life is considered 5 years in this study due to the
challenges with mechanical properties of carbon membranes. FC and FC-VP approaches are
also affected by membrane life, but the effect decreases exponentially with increase in
permeability up to 300 Barrer. This effect is almost negligible at 400 Barrer as the membrane
area seems fully optimized towards the production rate of EPO,. However, in case of VP
approach, the membrane area optimizes towards the production rate of EPO2 when O»
permeability is above 1000 Barrer.

Table 7.3 illustrates the sensitivity of the separation process to the membrane cost, membrane
life and operating temperature which is directly related to the permeability of the membrane.
VP approach is greatly affected by the membrane cost, for example the PC and TCI for this
approach reduces 27 times for permeability of 300 compared to 10 by cutting the membrane
cost to half. Similar trend is observed for the PC/ton of EPO; when membrane life is 10 years
while using VP approach. However, the TCI would remain quite high due to membrane cost
of $ 100/m>.

That is why even the PC is decreased to § 80 / ton EPO2, but the TCI is about $ 0.95 million
which is not feasible. The sensitivity of FC and FC-VP approaches towards membrane cost is
higher between permeability of 10-100 and beyond that the effect is very small (< 10%). If the
carbon membrane production process is fully optimized in future and price is reduced to $ 50
per m? then PC per ton of EPO> can be cut to $ 67 which presently is $ 80 while operating at
300 Barrer.

Even though CM is almost five times more expensive than polymeric membranes, the high
performance (selectivity) and tolerance to elevated temperatures CM is a potential candidate
in production of OEA and or high purity (99.5%) N2 in a single stage process. The simulation
study indicated that CM process for OEA have the best potential of becoming economically
competitive with conventional technologies for small plant capacities (1-10 tons/day) and a
high degrees of oxygen enrichment, 50-78 mole% O-. To be fully competitive with cryogenic
distillation and PSA, the membrane cost needs to be reduced and mechanical strength of CM

should be increased to maximize the life time of membrane.
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Table 7.3: Sensitivity of the process towards membrane life and membrane cost (optimal
stage cut for each compression)

Compression Permeability Membrane life Membrane Cost Stage
approach (Barrer) (10 years, cost: $100/m?)  ($ 50/m?) cut
FC PC TCI PC TCI
10 $270 $ 3,000,000 $530  $1,600,000 0.1
100 $87 $ 540,000 $120  $380,000 0.15
200 $ 66 $ 360,000 $83 $ 270,000 0.2
300 $ 63 $ 300,000 $73 $ 240,000 0.2
VP
10 $ 1,800 $27,000,000 $4,200 $ 13,000,000 0.1
100 $200 $ 2,700,000 $440  $1,300,000 0.1
200 $110 $ 1,300,000 $230  $710,000 0.1
300 $ 80 $ 940,000 $160  $490,000 0.1
FC-VP
10 $ 200 $ 2,000,000 $370  $2,000,000 0.1
100 §$77 $ 400,000 $95 $ 310,000 0.15
200 $62 $ 300,000 $73 $ 240,000 0.2
300 $ 60 $ 260,000 $ 67 $ 220,000 0.2

(1 Barrer =2.736E—09 m*(STP)m/(m’ bar h))
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8.

Conclusions

This chapter concludes the results obtained from pilot scale production and testing of prepared

carbon membranes.

8.1.

8.2.

Precursor preparation

Asymmetric CA hollow fibers were spun on pilot scale plant using a dry/wet spinning
process and the effect of DMSO and NMP as solvents in dope solution was studied. It
was found that fibers spun with CA in DMSO contain macrovoids in the wall. However,
the fibers spun with CA in NMP gave high quality carbon fibers with promising (above
Robeson upper bound 2008) gas permeation properties. The influence of DMSO and
NMP as bore solvent on gas permeation properties was also studied. It was found that
increase in concentration of DMSO improve the CO> permeability in resulting carbon
membranes, but maximum value measured was 25 Barrer at 95% DMSO in bore fluid.
Whereas membranes spun with bore solution containing 65 and 70% of NMP showed
CO; permeability of 256 Barrer and 144 Barrer with CO2/CHs selectivity of 156 and
172 respectively.

Pre-treatment process like water wash for solvent removal was optimized by using
perforated plates during spinning (fiber take-up) process.

Deacetylation of CA hollow fibers is the most critical step in preparation of precursor
hollow fibers. Optimized deacetylation of spun-CA hollow fibers (CAHF) was
achieved by using 90 vol% 0.075 M NaOH aqueous solution diluted with 10 vol%
Isopropanol for 2.5 hours at ambient temperature.

Drying conditions (temperature, relative humidity, rate of drying, stretch in fiber during
drying) were optimized to achieve maximum (> 95%) number of successful good
cellulose fibers. Separation performance results showed that RH changing from 80% to
35% at room temperature overnight gave maximum separation (above Robeson upper

bound 2008) performance for the subsequent carbon hollow fibers.

Carbonization
The carbonization temperature is the important parameter when preparing the carbon
membranes for different applications from regenerated cellulose precursor. It was

found that 650 °C under Nz environment is the optimal temperature for CM with good
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8.3.

8.4.

CO,-CH34 separation properties. However, 550 °C under N, environment was found to
be optimal for prepartion of CM with good air separation properties.

Number of fused fibers were significantly reduced by tilting the furnace with a 3-6
degree angle and replacing the quartz tubes with perforated trays of stainless steel.
Brittleness of the fibers remained a problem for all carbonization batches. It was found
that partial/non-optimal deacetylation process caused the brittleness of the fibers.

It was concluded that a relatively low-cost precursor material (regenerated cellulose)
can obtain over 90% successful carbon fibers which would then make the pilot

production more economically attractive.

Carbon membrane performance

Carbon membranes prepared from regenerated cellulose showed high perfromance for
CO,-CH34 separation. CM can be used for biogas upgrading to vehicle fuel (separating
CO: from CH4) and are able to achieve 97% CHy purity and 98% CHjy recovery in a
single stage process.

CM showed stable performance when tested for single gases (COz, N») at high pressure
(70 bar) and 25 °C. However, CO> permeability was lost by 50% at 120 °C (5 bar
pressure) compared to the value at 25 °C. In contrast, the effect of temperature on N>
permeability was very low and above 45 °C (5 bar pressure), the N2 permeability was
almost constant.

CVD process can be used to enhance (by modifying the pore size) the CO» permeability
a thousand times by keeping the CO2/CHj selectivity same or even higher compared to
prior CVD.

Increasing the operating temperature increases Oz permeability exponentially without
significant loss in O2/N; selectivity. Online preventive electrical regeneration (PER)
enhance the Oz permeability by eliminating the aging effect on the membrane and the

02/N2 selectivity was thus also increased.

Aging and regeneration of carbon membranes

Membranes stored in lab condition and CO, atmosphere lost the CO, permeability by
more than 80% within the first 30 days. CHF stored in ABS tube under vacuum were
stable after losing 65% CO: permeability in one month, and fibers lost their

permeability very fast when stored in air at low temperature (4 °C).
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8.5.

Dynamic aging, defined as “aging under controlled environment and continuous gas
flow through the membrane”, had a promising regenerative effect on the membranes to
recover some permeability. The fibers which underwent dynamic aging were not
susceptible to static aging anymore, and showed the same performance even after 128
days when stored in the laboratory environment.

Most of the modules (area of each module: 0.5-2 m?) installed at biogas plant lost 40%
COz permeability within a few days after installation and were stable afterwards. CHF
were mechanically stable at 20 bar in real industrial conditions.

Membranes installed at high H»S (150-2400 ppm) concentration lost CO; permeability
by up to 65% in 125 days, and 55% of this lost permeability was regenerated by
exposing membrane to a biogas field with low H2S (< 5 ppm) concentration for 100

days which was stable for the next 50 days at high concentration of H>S.

Online electrical regeneration method was effective to keep stable permeabilities of the
membrane for different single gas separation experiments; Oz, N2, COa.

Chemical (propylene) treatment and thermal (80 °C) regeneration methods were not
very effective to regain the lost permeabilities of gases when tested for single gases;

02, N2, CO».

Simulations and cost estimation

A single stage process with carbon membranes can upgrade biogas to vehicle fuel with
98% CHs recovery. The running cost with carbon membranes is much lower ($
0.016/Nm® of biogas upgraded) than the polymeric membranes ($ 0.06/Nm? of biogas
upgraded) reported in literature.

Simulation results indicated that CHs recovery of 99.2% can be achieved in a single
stage with CM based system when 5% CO is present in the natural gas feed at 70 bar.
In air separation application, carbon membranes may produce 78% O:-enriched
permeate stream and at the same time obtain 15% O (hypoxic) retentate stream in a
single-stage process when using combination of feed compression and vacuum on
permeate side.

To be fully competitive with cryogenic distillation and PSA in air separation market,
the membrane cost needs to be reduced and mechanical strength of CM should be

increased to maximize the life time of membrane.
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9. Challenges and Recommendations for Future work

Carbon membrane technology has been the focus of this research and development. Although
CM still require improvement before they can become dominant commercialized membranes,
they have a great potential as a replacement for other membranes in the market. This is because
they have many useful characteristics and can efficiently separate gas mixtures that have
molecules of similar sizes. However, there are only a few manufacturers involved in the
production of carbon membranes, and this is because greater costs are involved in producing
and making carbon membrane modules. Nevertheless, more research work is needed to
produce carbon membranes at a lower price.

This chapter describes the challenges that need consideration when using cellulose acetate to
produce carbon hollow fiber membranes. A few recommendations based on pilot scale
production experience are also made for future investigative work. It should be noted that these
recommendations are more valid when using CA as a precursor for producing carbon
membranes. However, using cellulose as a precursor may avoid the pre-treatment steps and the

most critical step of deacetylation.

9.1. Spinning
It is best to remove the solvent quickly, to avoid aging of the fiber. Hence, higher temperature

in the coagulation bath should be tested.

9.2. Fiber take-up and water wash

There is a trade-off between how long the fiber stays on the wheel and production efficiency
(aging by bore solution as the fiber can collapse if bore solution is not washed quickly). This
may determine the diameter of the wheel, the number of fiber layers on the wheel, or the take-
up speed. Clamping on the fiber ends should be adjusted to see effect of closed vs. open bores
(solvent removal), alternatively having clamp in one end only. To remove solvent more
efficiently, different methods are thus proposed: heat, air bubbling, pumping and stirring. A
handling tube may also improve the mass transfer (described in the section below). The amount
of residual solvent in the fiber should be measured analytically to optimize the process

operating conditions and determine the trends.
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9.3. A handling-tube

To reduce handling of fibers and increase mass transfer for solvent removal, it is might be
advantageous to evolve from flat fiber carriers (“guitars” in this study) into a handling tube.
From a manufacturing point of view, tube processing is easy to scale up and automate. For
improved mass transfer, it is important to have well distributed flow (avoid channeling) and
preferably cross-flow instead of parallel flow. To distribute the flow in the tube, there are two
potential designs. For the first design, the tube should be vertical with feed at bottom and an
exit of the feed at the top on opposite side of the tube. For the second design, the tube should
be horizontal with feed through a perforated plate at the bottom and exit on top of other end of
the tube. Both processes can be formed in a stationary rig, connected to different fluids. The
handling tube does not necessarily have to be a circular cross-section tube; it may also be a
rectangular or squared cross-section channel. Any given step should be run at maximum
temperature to speed up the mass transfer coefficients. A schematic diagram of such handling

tube is shown in figure 9.1.

Celullose/CA hollow fibers E
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g Solvent-out

Figure 9.1: A handling tube for solvent exchange process
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9.4. Glycerol wash

In this study, fibers were soaked overnight in 7.5% glycerol solution to preserve the bigger
pores and bore of the fibers from collapsing. To absorb the desired amount of glycerol more
quickly, the same measures as for water wash are proposed should be tested. More experiment
should be performed to see if the glycerol is necessary (if water wash is sufficient to remove
all solvent then permeation properties may be adjusted in carbonization step). The amount of

glycerol adsorbed in the fibers can be determined to help optimization.
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9.5. Deacetylation

Currently, deacetylation is the most critical step in preparation of precursor fibers from CA.
The rate of deacetylation depends on the diffusion velocity of OH" ions inside the CA hollow
fiber matrix and substitution reaction rate with an acetyl group. Optimal deacetylation is
somewhere between partial decetylation and full deacetylation. Due to the high sensitivity of
the process, the attempts to lead an optimal deacetylation (instead of full) may deteriorate a
uniformity and repeatability in cellulose fibers properties. There are too many parameters
starting from non-uniformity of the initial cellulose acetate, external parameters as temperature,
mixing conditions etc. which may change from batch to batch or even within the same batch.
This uncertainty leads to somewhat uncontrolable final chemical composition. To improve
mass transfer and homogenous treatment of all fibers, pumping and shaking/rolling is

proposed.

9.6.  After wash

Glucose wash was necessary to provide fiber stiffness and minimize curling after drying. The
glucose should preferably be avoided due to stickiness. It may be substituted by a surfactant. It
is however challenging to find a suitable surfactant. Some candidates are alcohols of different
chain lengths and short chain polymers, e.g. PEG, PVP. Alternatively, several washing steps
may be used, e.g. pure water, sugar solution, and finally surfactant solution. Another alternative
for increasing the stiffness of the fiber is to crosslink the cellulose by a difunctional acid. Then

reaction time, concentration of reactants, and temperature should be optimized.

9.7. Drying
Dry fibers give a first insight to how uniformly the fibers are processed (fiber color, length,
shape etc.). Curly fibers may be caused by:

e Bending at corners of take-up wheel

o Inconsistent solvent removal (bores opened to different extents)

e Asymmetric cross-section of spun fiber (geometric difference, porosity gradient, PVP

gradient)

e Strain in fiber due to loss of mass in deacetylation process

e Non-homogenous/incomplete deacetylation

e Hydrophilic surface (bound water may cause chain to slip)

e Too fast drying (improvements by lower temperature and higher relative humidity)
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The following improvements are suggested:

e Determine drying time by weight or dew point measurements

e Controlled air flow, temperature, and RH inside the drying chamber

e The optimum chain mobility before drying should be determined. This may depend on
e.g. the amount of glycerol or solvent left in the fiber. It has been observed that fibers
dried at RH 20-30% at room temperature were curlier than the fibers dried at RH 80-
40%. Controlling humidity seemed to be the most important parameter during drying

process.

Each process step should be more accurately determined. This means optimization of
concentration, time, temperature, and mechanical properties by making trend curves. Knowing
the necessary tension on the fibers is important for fiber properties, and especially if the

production line is developed towards continuous line in the future.

9.8.  Carbonization

Although the successful fibers were above 95% in some batches, the reproducibility for all
batches is challenging. The fibers on the bottom of the bundle were fused and had D-shaped or
oval cross-section instead of circular. Brittleness of fibers remained a challenge due to non-
homogenous/non-optimal deacetylation of the hollow fibers. Following recommendations are

suggested:

e A perforated rotating fiber chamber inside the furnace may reduce the fused fibers by
removing the tar with more consistency.

e A vertical furnace should prevent the D-shaped/oval shaped cross-section of the carbon
bundle. However, in vertical furnace, challenges may be temperature profile, gas flow
(chimney effect) and keeping glass tubes or perforated grids in place.

e Purge gas flow pattern inside the furnace should be determined.

e Factors that may improve the mechanical properties of carbon fibers should be
considered, e.g. rough handling during shipping and installation/operation. To some
extent one potential cure could be adding HCI gas during carbonization. However, due
to toxicity of HCI, this method was never tested at MemfoACT AS facility.

e CA was used in this study because it is soluble in common solvents like NMP (N-

methyl-2-pyrrolidone),DMSO (dimethylsulfoxide) and acetone. Some environmentally
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friendly solvent should be explored to spin Cellulose directly to avoid the deacetylation

step. (I.e. Ionic Liquids).

9.9. Module making

The final carbon fibers should not be perfectly straight, but preferably having waves (i.e.
wavelength > 10 cm) to i) improve the flow patterns in the module and ii) to have the ability
to handle thermal expansion or shrinkage without breakage. The module efficieny of bigger
modules (2000-5000 fibers) can be expected to be up to 95% compared to a small test module
of 2-4 fibers. The packing density should be increased. For potting, the following

improvements are suggested:

e Heating high viscosity epoxy for better filling between the fibers

e Currently curing time is very long therefore, finding right curing temperature (cross-
linking is important to avoid swelling by CO»)

e Avoid vapor sorption on carbon; quicker cure to reduce exposure time and to lower the
sorption ability. However, it is less of a problem if post oxidation and CVD I performed

on the module as these processes will burn the adsorbed vapors.

9.10. Multi-module system (MMS) and biogas upgrading experience

Although the carbon membrane pilot plant successfully obtained the vehicle fuel, there are still
challenges that need consideration. The manually sorted and randomly packed hollow fibers of
carbon membranes had lower mass transfer-coefficients than those for regular dense packings
(polymeric hollow fibers). Flow through the randomly packed hollow fiber bundle could be
highly non-uniform. Membrane effective area was very much reduced due to selective and
manual clogging. Furthermore, regions, where fibers come in close contact, may create sections
of high pressure drop. The gas velocity through these regions is much lower than the velocities
in the regions where fiber spacing is larger, yielding higher mass transfer coefficient in these
regions. On the other hand, in high velocity regions, there are increased chances of fiber
breakage if any weak point occurs on the fiber surface. It may result in flow-channels formation
and hence, bypassing effect which would result in selectivity loss. The MMS design for 24
medium size modules was not most efficient in this development phase of the operation. It
could have been easier with individual module housing instead of MMS housing in order to

isolate and treat the modules with bad performance separately. The process of dismantling the
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MMS to take out the medium sized module, finding and clogging of the broken fibers, and
again assembling the MMS increased the probability of fiber breakage in neighboring modules
inside MMS and the entire process was time consuming as well. The shell-side feed
configuration might have damaged the fibers due to high pressure feed flow. Bore-side feed
configuration might have been more efficient in the MMS system. However, the biggest
challenges with bore flow is fiber rupture. It is not easy to do online clogging of the broken
fibers, and at least double work is needed for opening the ends and quality assure the modules.
The membrane production cost at semi-industrial production plant was about 80 €/m?, but due
to a decrease in membrane effective area, the membrane cost doubled for the biogas pilot plant,
which ultimately increased the total capital investment and production cost of the plant. The
mentioned problems must be solved before a successful hollow fiber membrane module sees

the market.
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Appendix A

List of all the equipments and suppliers that were used at MemfoACT facility is presented in

table A.1.

Table A.1: List of Equipments and suppliers used at MemfoACT facility

Equipment Supplier Description
Pilot scale Spinning set-up PHILOS (Korea)
Tools, safety equipment Albert E. Olsen
Fireproof materials Borgestad Fabrikker
Electronics Elma
Gas analyzers ExTeVent AB
Pumps Finisterra
Pumps Haakon Rygh AS
Measuring equipment Flow-Teknikk AS Gas flow meters
Plastic tubing and accessories GPA Flowsystem
Clamps, tubing, connections Heidenreich
Glue, grease Henkel
Design and production Inventas Guitars, modules
Production of equipment Landteknikk Fabrikk  Collection wheel and
baths
Measuring equipment Leif Kolner
Automation Maskon
Misumi Europa
Mechanical accessories GmbH
Perforated plates Nisjemetall
Chemicals, industrial scale Norkem
Measuring equipment Norsk Analyse
Steel products Norsk Stél
Water cleaning Norvann
Production of equipment PTM Production
Aluminum profiles and
accessories Rexroth, Bosch Group
Chemicals Sigma-Aldrich
Tubing, connections and valves  Swagelok/Svafas Permeation rig and
testing
Plexiglass, steel plates Teknolakk
Tubing W. Tverdal AS
Chemicals, lab equipment VWR

Gas/equipment/HMS

Yara Praxair




Appendix B

Cross section of cellulose acetate (CA) and carbon fibers while using different compositions

of precursor solution:
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WD« “Smm  Meg= 100KX  Chamber= 8Pa

Figure B.1: Cross section of a CA fiber spun from 22.5% CA in NMP. Bore solution 1:1
mixture of NMP: H>O

Figure B.2: Cross section of CA fiber containing 630K PVP additive. Dope mixture
22.5%CA, 2.5% 630K PVP and NMP
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Figure B.3: Cross section of CA fiber containing 10K PVP additive. Dope mixture 22.5%CA,
2.5% 10K PVP and NMP



"
mm W= 139KX  Chamber= 7Pn

Figure B.4: (left) CA fiber spun at 7°C and (vight) at 50°C. Dope solution 22.5% CA, 2.5%
PVP 10K, 5% H>0 and NMP
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Figure B.5: Carbonized fiber showing large number of macrovoids present. Dope 22,5% CA
in NMP
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Figure B.6: Carbonized fiber showing no macrovoids present. Dope 22,5% CA, 2,5% PVP
10K in NMP.



Appendix C
Production cost of carbon membranes at lab, pilot, and industrial scale:

Basis = 2.5 m?> module [M]

Basis module = M (module) = 2.5 m? membrane area
Active length of fibers: 1.5 m

Number of fibers in module: 3 000

Electricity pric = 0.09 $/kWh

Table C.1: carbon membrane production scale, automation level, and limiting steps

Production- Automation Spinning Production Trash Labor Limiting step Max

scale level speed Lines fibers cost capacity
m/min spinnerets % $/hr M/week
Lab manual 6 1 50 37 spinning 0.5
Pilot Semi- 50 2 20 25 carbonization 10
automated
Industrial Fully- 500 20 10 28 24/7 84
automated production

*Costs not included: shipping of chemicals/materials, tap water
*Pilot scale production: 5 days a week and 8 hrs a day

*Industrial scale production: 24/7, night factor included (in labor cost)

Table C.2: Retention time and labor hours for different processes involved in production of
CM modules

Polymer Spinning Collation Pre- Carbonization Module
preparation treatment making, M
Retention [h/Batch] [h/M] [h/M] [h/Batch] [h/Batch] [h/M]
time
Lab 49 50 53 79.16 30 30
Pilot 96 3.75 1.5 23.66 30 25
Industrial 148 0.33 0.1 22.26 30 15
Labor [h/M] [h/M] [h/M] [h/M] [h/M] [h/M]
Lab 7 62 53 62 34 5
Pilot 0.2 4.5 1.5 7.1 0.95 2
Industrial ~ 0.02 0.33 0.1 0.66 0.06 0.2

*M: 2.5 m’ module



Table C.3: Production cost for different processes involved in production of CM module

PRODUCTION Polymer Spinning Collation Pre-  Carb. Module  TOT.

COST prep. treat. making COST/M
Energy [$/M] [$/M] [$/M] [$/M]  [$/M] [$/M] [$/M]
Lab 26 10 0 0.8 5 0 27
Pilot 1 2 0.25 3 3 0 10
Industrial 2 1 0.36 1 3 1 8
Chemicals

Lab 382 62 0 1003 13 611 2071
Pilot 86 21 0 181 6 152 446
Industrial 28 10 0 42 3 28 111
Man labor

Lab 257 2273 1332 1662 1247 183 6954
Pilot 5 110 37 174 23 49 398
Industrial 1 9 3 18 2 6 39

8000
] B Lab Pilot Industrial

1000 o

100-._.

10 o

Praduction cost to produce 2.5 m*-CM module ($)

]

1 U
Material Energy
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Figure C.1: Labor, material, and energy costs involved in production of CM 2.5 m’> module
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Figure C.2: Total cost to produce 2.5m* of CM module on different production scales



Appendix D

Photos of different equipments and their components:

No. SN-D0015
A (0.13 mm) 0.13 (+£0.015)
B (0.40 mm) 0.40 (+0.015)
C (0.60 mm) 0.60 (+0.015)

Figure D.1: One type of spinneret and its dimensions used at MemfoACT AS

Figure D.2: Fiber carrier “Guitar” and its components



Figure D.3: Fiber collection wheel (top); a mechanical device for fiber sliding over “guitar”

(bottom left), and a sensor to control fiber tension (bottom right)

© O ©

Fiber D.4: A vessel used for gas permeation testing of CM modules
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Figure D.6: storage of Cellulose fibers, prepared CM, and a multimodule system (left to

right)

Figure D.7: Biogas upgrading plant at Glor IKS, Lillehammer, Norway
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Abstract: Industrial scale production of carbon membrane is very challenging due to expensive
precursor materials and a multi-step process with several variables to deal with. The optimization of
these variables is essential to gain a competent carbon membrane (CM) with high performance and good
mechanical properties. In this paper, a pilot scale system is reported that was developed to produce CM
from regenerated cellulose precursor with the annual production capacity 700 m? of CM. The process
was optimized to achieve maximum yield (>95%) of high quality precursor fibers and carbonized fibers.
A dope solution of cellulose acetate (CA)/Polyvinylpyrrolidone (PVP)/N-methyl-2-pyrrolidone (NMP)
and bore fluid of NMP/H;0O were used in 460 spinning-sessions of the fibers using a well-known
dry/wet spinning process. Optimized deacetylation of spun-CA hollow fibers (CAHF) was achieved
by using 90 vol% 0.075 M NaOH aqueous solution diluted with 10 vol% isopropanol for 2.5 h at
ambient temperature. Cellulose hollow fibers (CHF) dried at room temperature and under RH (80%
— ambient) overnight gave maximum yield for both dried CHF, as well as carbon fibers. The gas
permeation properties of carbon fibers were also high (CO, permeability: 50-450 Barrer (1 Barrer =
2.736 x 107° m3 (STP) m/m? bar h), and CO,/CHy selectivity acceptable (50-500).

Keywords: pilot scale process; carbon membrane precursor; dry/wet spinning; deacetylation;
regenerated cellulose; drying conditions

1. Introduction

In the 1960s, the term carbon membrane was introduced for the first time for carbon plugs
prepared from compressed carbon powders [1,2]. However, the materials reported were too porous
to achieve selective membranes. Two decades later Koresh and Soffer [3] reported the concept of
pre-shaped polymeric precursor materials for the direct formation of carbon membranes. In 1995,
Soffer et al. [4] developed and patented the protocol for carbonization of cellulose precursor. Cellulose
is a natural polymer that produced by plants through photosynthesis. It is abundantly available in the
world. However, only a limited number of solvents exist to dissolve (strong inter and intra-molecular
hydrogen bonding [5]) and treat cellulose in such way that monosaccharides are preserved to form
a suitable carbon structure after carbonization [6,7].

Cellulose esters, in particular, cellulose acetate (CA), is relatively inexpensive, easily commercially
available, and have been applied successfully for many years, as a membrane material in different
applications, such as water treatment, pervaporation, gas separation etc. [8-12]. CA is soluble
in common solvents like NMP (N-methyl-2-pyrrolidone), DMSO (dimethylsulfoxide) and acetone.
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However, direct carbonization of CA will result in discontinuous carbon (more like a powder), since
the intermediate product levoglucosane [7] is not formed during carbonization. Hence, CA must
be deacetylated after the membrane casting/spinning process to allow the formation of the critical
intermediate product of levoglucosane.

Deacetylated cellulose hollow fibers (CHF) from spun-cellulose acetate hollow fibers (CAHF)
showed good potential to as a precursor for carbon hollow fiber membrane (CM) with promising
permeation properties in gas separation applications when tested on laboratory scale [13-17]. However,
the scaling up process and control of spinning parameters for CAHF, post-treatment of the spun fibers,
deacetylation to obtain CHF, and drying of regenerated CHF have been challenging processes to obtain
the carbon fibers with good mechanical and acceptable permeation properties.

The goal for and novelty of this study was to develop and optimize a pilot-scale production
process for the CHF, using a low-priced precursor to generate carbon membranes. The sub-goal for the
development of the pilot-scale facility was to achieve CM exhibiting high permeability and selectivity
for the CO,/CHy separation for biogas upgrading to vehicle fuel or for natural gas purification
(natural gas sweetening). The separation properties of the CM for O, /N, separation were also
investigated. The CM from CHF were produced and tested on semi-commercial scale plant by
MemfoACT AS (Norway), a company which has now closed down. The plant had a capacity to
produce 700 m? of carbon hollow fiber membranes per year. The well-known dry/wet spinning method
was used to spin the CAHF [18,19] from the dope solution consisting of CA/polyvinylpyrrolidone
(PVP)/N-methyl-2-pyrrolidone (22.5%/5%/72.5% w/w/w). The spinning parameters, such as dope
and bore fluid composition, extrusion rate, spinneret dimensions, air gap, coagulation temperature,
take up rate and solvent exchange method, were optimized to achieve maximum yield (based on
length, quantity of good fibers, mechanical properties of CHF, and separation properties of resulting
CM) of CHE. The CAHF can be deacetylated by exchange of acetyl group with a hydroxyl group using
a base catalyst [12]. Various authors have reported the importance of different types of base solutions,
concentrations, and the reaction time for deacetylation process [12,20-23]. The deacetylation process is
crucial to regenerate CHF with desired structure and properties as a precursor for carbon membrane.
However, not much data is available for the pilot-scale deacetylation of CAHF. The deacetylation
of CAHF was in our study performed by using NaOH/water/isopropanol solution and different
parameters were optimized to enhance the yield of dried precursor CHF. A block diagram for the
pilot-scale production of CM from CAHEF is shown in Figure 1. As shown in Figure 1, the next
challenging step after deacetylation is after-wash/solvent rinsing and drying of the CHF.

The resulting cellulose fibers are more hydrophilic than CAHF and stronger hydrogen bonds are
expected between cellulose and water. An efficiently controlled drying process was thus needed to
dry these membranes. The natural drying of these membranes at ambient conditions influenced the
structure (shrunken, curly, adhered, and/or collapsed fibers) and permeation properties of resulting
carbon membranes.

Jie et al. [24] investigated natural drying and solvent exchange drying methods and concluded that
ethanol-hexane exchange drying was an appropriate method to produce a membrane with minimum
morphology variation. Whereas the natural drying caused the greatest shrinkage of fibers transforming
porous membrane into a dense membrane. In this study, various types of additives were tested to
explore the appropriate solvent-rinsing process to obtain the maximum yield of CHF after drying and
CM after carbonization. The effect of humidity on the drying process, as well as on the permeation
properties of resulting carbon membranes were studied, and the process was optimized to obtain both
high yield and permeation properties of carbon fibers.

The current research reports the development and optimization of a simple process to scale up
the manufacturing of CHF precursor for CM. The information obtained from this research may be
used to produce a limited number of CHF (laboratory scale) and several hundred fibers in one cycle
(pilot-scale). The reported research discusses the design concept of the process to produce CHF, as
well as the performance of resulting carbon hollow fiber membranes at pilot scale.
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Figure 1. Block diagram for the pilot-scale production process of carbon membrane (CM) from cellulose
acetate hollow fibers (CAHF).

2. Materials and Methods

2.1. Materials

Acros Organics (Geel, Belgium) delivered the cellulose acetate (CA:MW 100,000, average acetyl
content: 39.8%). N-methyl-2-pyrrolidone (NMP:purity > 99.5%) was purchased from Merck, Oslo,
Norway. The additive polymer Polyvinylpyrrolidone (PVP:MW 10,000) was purchased from Sigma
Aldrich, Oslo, Norway. Ionic exchanged water was used for coagulation and water wash process.
Dimethyl sulfoxide (DMSO), Isopropanol, NaOH (>99%), and Glycerol (>98%) were purchased from
VWR, Oslo, Norway.

2.2. Dope and Bore Solution Preparation and Filtration

The dope solution (20 kg in each batch) was prepared in a 50 L stainless steel mixing tank by adding
22.5 wt% of cellulose acetate (CA) and 5 wt% of PVP in dry state first and then 72.5 wt% of NMP solvent
at room temperature (20-25 °C) was added before start stirring. Some spinning experiments were also
performed by using DMSO solvent in the dope solution (replacing the NMP). After mechanical stirring
for at least 72 h to ensure homogeneity of the dope solution, it was subsequently left to rest for 24 h to
remove air bubbles before filtration process was started. By using 2 bara pressure of N, and a gear
pump, the dope solution was then forced through polypropylene melt blown filters into a storage tank.
Then storage tank was held under a vacuum of —0.6 bara for 30 min to degas the dope solution before
the vacuum was released. The dope solution was degassed at 1 atm by resting for at least three days
after filtration prior usage. Figure 2 shows the steps followed during the dope formation process.

The bore solution was made in a bottle by adding a solvent (NMP or DMSO) and ionic exchanged
water in the desired ratio, and then poured into the bore liquid storage vessel. The bore solution
should preferably rest 24 h prior to use. A particle filter was installed in the bore line to avoid any
contaminants in the bore solution.
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Blending Dope solution (CA/NMP/PVP)
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temp (20-25°C) for 72 hrs

|

Degassing the dope solution for 24 hrs
(air tight tank)
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|
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(air tight tank)

Figure 2. Steps involved in dope formation. CA, cellulose acetate; NMP, N-methyl-2-pyrrolidone;
PVP, Polyvinylpyrrolidone.

2.3. Spinning of CA Hollow Fibers

A well-known dry/wet phase separation spinning process was used to spin the CA hollow
fibers [19,24]. The dope solution and bore fluid were extruded through a tube-in-orifice jet type of
spinneret to form a nascent hollow fiber. The extrusion rate of dope and bore fluid was controlled
by two separate gear pumps, respectively. Spinnerets with three different sets of inner and outer
dimensions (range is shown in Figure 3) were used to spin the hollow fibers. Principal component
analysis (PCA) of three different types of spinnerets and resulting fiber yield (CHF and CM) are shown
in Figure A1. Principal component analysis (PCA) of three different types of spinnerets and resulting
fiber yield of Appendix A. The solvent would then evaporate into a dry environment for a short period
(Air gap: 25 mm) before the fiber was immersed in a wet environment (water as external coagulant)
in the coagulation bath. For each spinning-session, a continuous fiber length of (at least) 2.4 km was
spun and rolled up in three layers on a collecting wheel. The rolled-up fiber was cut into 1200 fibers
of 2 m length for each fiber. Altogether, more than 460 spinning-sessions of CA hollow fibers were
spun with 50 batches of dope mixture, of which at least 100 sessions were spun by varying spinning
conditions, e.g., spinneret dimension, air gap, extrusion rate, coagulation bath temperature, take up
speed and different fiber collection methods to optimize the pilot scale production of CA hollow fibers.
After optimizing the spinning process, the parameters were kept constant for the rest of the sessions,
as shown in Table 1.

The partly coagulated fibers were guided by a wheel from the bottom of the coagulation bath to
the godet-bath where some residence time was provided for solvent exchange before they were rolled
up on a collection wheel.

Dope orifice —__
?0.6-1.2mm

9 0.4-0.7mm

Bore orifice
¢ 0.13 - 0.4mm

Figure 3. Spinneret type and range of different dimensions used for spinning of CAHF.
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Table 1. Optimized parameters for spinning, pre-treatment and carbonization processes.

Parameter Values Units
Dope Solution
Composition 22.5CA/5PVP/72.5 NMP wt%
flow rate 0.4 L/h
Temperature RT (20-23) °C
Bore Fluid
Composition 30/35 HyO-65/70 NMP vol%
flow rate 0.2 L/h
Temperature RT (20-23) °C
Other Parameters
Air gap 25 mm
Coagulation o
medium /T H,O/RT (20-23) C
Godet bath 2540 oC
temperature
Collection wheel 10 °C
Take up speed 14 m/min
Post-Treatment
Water wash 10 °C 24h
Glycerol wash 7.5 vol% in water (20 °C) 24h
Deacetylation 0.075 M NaOH (aqueous sol.) diluted with 10 vol% IP 25h
After wash 7.5 wt% glucose (20 °C) 30 min
Drying T: 40-45 °C, RH: 90% — ambient 16 h
Carbonization
Temperature 550-650 °C, 2 h soak
Medium N; or CO, 0.7-1.9 L/min

2.3.1. Fiber Collection Methods and Water Wash

Different types of collection methods were tried; however, only two methods that had a great
effect on membrane morphology after deacetylation, drying and carbonization, are being reported here.

Squared Collection Wheel

Figure 4 presents the collection methods of CA hollow fibers. Four specially made stands “fiber
carrier” were connected on a rotating shaft of the rig in such way that fibers were kept straight on each
fiber carrier along the length and a sharp bending radius (avoiding the kink) was provided on the
edges of the carrier. In order to promote the solvent exchange, a water bath with the continuous flow
was present in such way that each fiber carrier was immersed in the bath while rotating on the shaft.
After completion of the spinning process, clamps were applied on both sides/ends of the fiber carrier
and fibers were cut (on the bends) with a sharp knife to separate the wheel into 4 individual carriers
(nicknamed “Guitars”).

These fiber carriers applied some tension on the fibers, but they were designed to allow some
contraction of the fibers to occur (sliding bottom part). The clamps on each end of the carrier were
adjusted in such way that bore side of the fiber was open to exchange the solvent efficiently during
water wash. Allowing some of the solvent exchange in a water bath, the wheel was left rotating for
2 h after clamping and cutting the fibers. The temperature of the water in the water bath was 10 °C.
The fibers washed with 10 °C while on collection wheel for two hours and then in the water bath with
continuously flowing water overnight gave the same properties as for 30 °C and 3 h wash. The water
at 10 °C was easily available, therefore, most of the batches were washed overnight with cold water.
Then fiber carriers were removed from the stand and placed in horizontal position in a water bath
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overnight so that all fibers were dipped in the bath, but not touching the bottom. A continuous flow
(1.5 L/min) of fresh water was supplied to remove the solvent from the bath.

Fiber
guiding sensor

Fiber from
godet bath

Sliding
bottom part L

Perforated plate

- N\ -|
X Water bath X

Figure 4. Collection wheel: Four fiber carriers attached to a rotating shaft (right side), perforated plate
photos (left side).

Circular Wheel with Perforated Collecting Plate

There is a trade-off between how long time the fiber stays on the wheel (aging by bore solution)
and production efficiency, and this may determine the diameter of the collection wheel, the number of
fiber layers or the take-up speed. An easy escape of water is favorable as it results in the suppression of
macrovoids formation in the CA matrix. To enhance the efficiency of solvent exchange process during
spinning process, two perforated circular plates (with the same width (25 cm) as the fiber carriers)
were used to collect the fibers. Each plate was making half of the wheel’s circumference. A halfpipe
made of acrylonitrile butadiene styrene (ABS) tubing (32 mm outer diameter (OD)) was attached to the
gap between the perforated plates by 2 elastic bands (GUMA 120 x 8 mm). Foam was pre-fixed (glued
in the halfpipe to conduct water). This halfpipe was placed at a level which prevents sharp bending
of the collected fibers. A polycarbonate plate and an elastic band were used to make a loose clamp
on the edges of each wheel half to ease the fiber endings and allow bore solution to exchange with
water, as shown in Figure 4 (left hand side). The other half of the ABS pipe (made in a similar way)
was placed on top of the fibers. Fibers were water-washed for 30 min in this way before clamping and
moving them on the carriers. On completion of each spinning session, the fibers were transferred to
two fiber carriers (2 m long each). Figure 4 shows the photo of such plates and fiber carriers. After
clamping fibers on the carriers, they were placed in a horizontal bath for further water wash overnight
to promote the removal of the bore solvent.

2.3.2. Glycerol Wash

After water wash, the CA hollow fibers were soaked horizontally in glycerol solution overnight
to remove (solvent exchange) the residual NMP in the fibers, and to prevent the largest pores and bore
side from collapsing. Different concentrations of 5, 8, 10, and 15 vol% of glycerol in water were studied
to see the effect on cellulose fibers, and ultimately carbon fibers, regarding shape and performance of
the membrane. The glycerol solution was circulated by a pump in a cross-pattern (the inlet and outlet
of the pump were immersed diagonally on opposite sides in the bath) to ensure good mixing and aid
the solvent exchange process. The fiber carriers were immersed in the bath in such a way that all fibers
were well below the liquid surface, but not touching the bottom of the bath.
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2.3.3. Deacetylation

The CAHF were then deacetylated with 90 vol% 0.075 M NaOH (Water) solution diluted with
10 vol% 2-propanol (isopropanol, IP) at ambient temperature for 2.5 h. Different concentrations of
NaOH and dilutions of IP were tried, but it was observed that optimized degree of deacetylation
of fibers was obtained by the mentioned composition. To improve mass transfer and homogeneous
treatment of all fibers, liquid circulation via pumping and shaking of the bath and/or the fiber carriers
were applied. It was experienced that the fibers that were not allowed to shrink during deacetylation
could not give a CO,/Nj selectivity higher than 50 (CO, permeability over 100 Barrer), however,
fibers allowed to move along fiber carrier length and shrink (typically, 1-3%, during the deacetylation
process) improved the permeation properties of the final carbon membrane. Hence the fibers were
allowed to move without restriction during deacetylation. The reaction time, concentration of base and
temperature were optimized. Two stirrers were used on both ends of the carriers and circulation pump
to circulate the solution in a cross-pattern to avoid any stagnant regions for the solution in the bath.

During the deacetylation process, the contact between fibers and also the bottom of the bath
should be minimized as it can inhibit the reaction and partial deacetylation may result. This can
ultimately destroy the whole fiber quality by making that part brittle after drying. A shaking device
was installed on the fiber carriers during deacetylation to avoid the contact between fibers and the
bottom of the bath.

2.3.4. Glucose Wash

Deacetylated fibers were immersed in an aqueous solution (T: 20 °C) of 7.5 wt% glucose for 30 min.
The glucose solution was circulated using a pump in a cross-pattern to ensure good mixing. Direct
drying after glucose wash resulted in sticky fibers. Therefore, fibers were immersed in fresh water
(T: 10 °C) after glucose wash for 5 min to reduce the stickiness between the fibers.

2.3.5. Drying

Fibers were dried overnight at room temperature (20-25 °C) in a controlled humidity chamber,
as shown in Figure 5. Figure 6 shows photos of fibers in various production states: (a) Fiber carriers
during deacetylation, (b) fiber carriers inside drying cabinet, (c) hanging dry fibers and fibers ready for
carbonization, and (d) comb to separate the fibers in equal bundles during drying. The fiber carriers
were placed vertically (shown in Figure 6) inside the drying cabinet and the lock on the bottom end of
the carrier was removed, allowing for shrinking of the fibers. Each fiber carrier contained 1200 fibers
of 2 m length in three layers (400 fibers in each layer) and width of the total occupied surface on the
carrier was 25 cm. A comb with 10 mm spacing between each tooth was used to further separate the
sticky fibers (glucose effect) into equal groups, as the number of fibers in each bundle would determine
the drying speed of that bundle. The effect of strand size on shrinkage of dried fiber was also studied.
An extra load (averaged to 2.5 g per fiber) was added to the bottom end of the carrier. This acts as
a counter force to the shrinking of the fiber clusters and assists in obtaining straight fibers. This extra
load had a significant effect on the permeation properties of carbonized fibers, hence, the load was
optimized in ordered to get straight fibers with good mechanical and acceptable permeation properties
after carbonization.

A systematic investigation of the influences of drying parameters, such as humidity, extra load on
the fibers, drying temperature was performed to obtain the straight cellulose fibers with high yield
and good mechanical properties. Fibers were quality controlled after drying process by separating the
broken, partially deacetylated, too curly, too brittle, and collapsed fibers from the good fibers. The good
fibers were hung in bundles at ambient conditions. Storage temperature was reasonably stable, but
RH was unstable due to seasonal change and no control of the internal environment. Number of days
before loading the furnace for the carbonization process varied from 1-10.
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Figure 5. Accumulated time and humidity inside drying cabinet.

Figure 6. (a) Fibers lying in the deacetylation bath. (b) Fibers inside drying cabinet. (c) Hanging
bundles of dry fibers and trolley with steel trays containing dry fibers. (d) Comb to split the fibers in
equal bundles before drying.

2.3.6. Measurements of Mechanical Properties of Fibers

Tensile strength and elongation at break of the fibers were measured after different production
steps (spinning, water wash, deacetylation, and drying). No sophisticated instruments were available
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for the measurement of elongation at break and tensile strength of the fibers, therefore, some rough
methods were used to get the estimated values for the mechanical properties of the fibers after each
production step. For measurement of “elongation at break”, a 30 cm long fiber was cut after each
production step. The fiber was stretched (medium: Air at room temperature) with fingers above a ruler
to see the length when it breaks. Tensile strength was measured by using a cylindrical dynamometer.
A single loop of fiber was made around the hook (medium: Air at room temperature) immediately after
the production step, and then pulled it with fingers (independent of length of the fiber). The reported
values for each fiber were from an average of fourteen fiber samples of seven spinning sessions.

2.4. Carbonization

A tubular horizontal furnace (Carbolite®, three zones split furnace) was used to carbonize the
deacetylated hollow fibers. These deacetylated CA hollow fibers were carbonized at 550-650 °C under
Nj or CO; flow (0.7-1.9 L/min) using heating rate of 1 °C/min with several dwells and the final
temperature of 650 °C for 2 h. Procedure details can be found in the patents [25,26]. The detailed
procedure of the pilot-scale module construction for carbon membranes is reported elsewhere [14].

2.5. Permeation Testing

For the permeation experiments discussed here, CM (0.002 m?) modules were tested in a pilot
scale “temperature and pressure rise” permeation set-up with shell side feed configuration. The system
was constructed to tolerate medium range pressure single gas tests (CO,, Ny, O;). The mass transport
properties of CHF were measured with the single pure gases CO, and Ny at 5 bar feed pressure and
vacuum (0.1 bar) on the permeate side. Due to fire hazard limitations, CH4 was not tested at the
membrane production facility. However, single gas CH4 and mixed gas (40% CO; in CHy) experiments
were performed in a dedicated field (set-up is described in [27]). The values for CH, gas were obtained
as: Selectivity «CO,/CHy =3 x «CO,/Ny.

He et al. [13] has also performed the mixed gas experiments on carbon membrane (prepared with
alike protocol) and results showed that the membrane performance for CO, separation is the same or
even higher in some cases for mixed gas as compared to single gas separation.

The performance of the membrane was evaluated by measuring the CO, permeance in
(m3(STP)/ (m?-h-bar)) and CO, /N selectivities (x) using Equations (1) and (2). The tests were run
continues from several hours to several days, to ensure that the transient phase of diffusion was passed,
and a steady state obtained (dp/dt tends to a constant). The gas permeance, P (m?(STP)/m? h-bar) was
evaluated using the Equation (1):

_9.824.V-(dp/dt)

P= 1
AP-A-T,yp @

Here, V is the permeate side volume (cm?) that should be measured using a pre-calibrated
permeation cell as reported elsewhere [28,29]. However, the permeate side volume for this study was
estimated by the tube length and cylinder volume on the permeate side. dp/dt and A are the collection
volume pressure increase rate (mbar/s) and total active area of membrane (cm?) respectively, AP (bar)
the pressure head and Ty, (K) is the temperature for the experiment. The ideal selectivity was defined
as the ratio of the pure gas permeances, as shown in Equation (2):

P
CXA/B: FQ (2)

3. Results and Discussion

3.1. Effect of Spinning Parameters

Some initial observations during the spinning process were recorded when NMP was replaced
by DMSO in the same ratio of the dope solution. For example, extrusion with DMSO as a solvent
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and bore fluid H,O/DMSO 15/85 v/v% gave higher uptake rate, which indicated greater porosity
or less wall thickness. DMSO in bore fluid was also washed out faster than NMP, resulting in a firm
and stronger fiber. It was observed that fibers spun at 25-30 °C in coagulation bath gave curly fibers
after drying, however, applying 50 °C in the coagulation bath resulted in straight fibers after drying
(free-hanging fibers). High temperature improved the mass transfer in coagulation bath and the time
before polymer solidification became shorter.

After carbonization of fibers (650 °C, N, 0.7-1.9 L/min), which were spun on the fiber carriers,
they appeared to have an uneven surface and being more brittle than the fibers spun with NMP
solvent. Permeance and selectivity were much lower. However, the carbonization of the fibers spun on
the circular wheel with perforated plates resulted in a smooth surface and fibers being more flexible
(could be looped down to 10 mm diameter). The permeance of these fibers was however so high
(macrovoids) that there was no selectivity. Fu et al. [30] spun hollow fibers using a dope solution of
DMSQO/ cellulose acetate butyrate and reported that fibers, when spun at high temperature (50 °C),
had higher roughness on the outer surface. However, their membranes spun at 25 °C had a smooth
outer surface, due to slow mass transfer rate.

No further experiments were performed with DMSO in the dope solution. Figure 7 shows the
scanning electron microscopic (SEM) images of the DMSO based CA hollow fibers. The macrovoids
could easily be seen in the walls of the spun CAHF and these fibers did not have enough selectivity. It
was observed that it is difficult to mend macrovoids during the carbonization process. Furthermore,
chemical vapor deposition (CVD) was used to enhance the performance of prepared carbon membranes
and it was concluded that fibers obtained using NMP had better properties compared to fibers prepared
using DMSO.

300um 10.0kV 9.5mm x975 S

10.0KV 14.4mm x1.00k SE 28-09-10
(9

Figure 7. (a) CAHF cross section-72.5% dimethylsulfoxide (DMSO) in the dope solution; (b) Inner edge
of the fiber; (c) Macro-voids on the wall magnified.
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The rest of the batches were spun using NMP solvent in the dope solution. The CAHF spun
with NMP gave high quality fibers with promising permeation properties. The SEM images of NMP
based CAHF can be seen in Figure 8. The coagulation bath temperature of 25 °C resulted in the fiber
wall more porous on the bore side. Pure water in the bore coagulant results in a thick and dense
inner wall, which is not desired as the feed is introduced at the shell side of the fibers and the inner
structure is only acting as a support. Bore solution containing up to 70% NMP have successfully
been used, resulting in a porous lumen structure of the fiber, which is desired to minimize the gas
transport resistance.

The effect of two different bore solvents and their compositions are presented in Figure 9. It can
be seen that the membranes spun with 85% DMSO had lowest CO, permeability with a CO,/CH,
selectivity of 4 as compared to 85% NMP, which had higher permeability, 10 Barrer, and selectivity of
135. Increase in concentration of DMSO improved the permeability of CO,, but the maximum value
measured was 25 Barrer at 95% DMSO in bore fluid. Whereas membranes spun with bore solution
containing 65 and 70% of NMP showed CO, permeability of 256 Barrer and 144 Barrer with CO,/CHy
selectivity of 156 and 172 respectively, as shown in Figure 9.

EHT = 500Ky Signal A = 882 Deto 11 Doc 2008
WO= 10mm  Mag= 100KX

.
EHT = 500K/ Signal A= SE2 Data 11 Dec 2008
WD= 10mm Mag= 120X

(a) (b)

EHT= 500KV  Signal A= 5E2
WD= 10mm  Meg= S00KX

()

Figure 8. (a) CAHF cross-section-72.5% NMP in dope solution; (b) Wall magnified; (c) Wall inner
edge magnified.
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Figure 9. Effect of bore solvent and bore composition on gas permeation properties.

The outer diameter (OD) and wall thickness (WT) of some fiber samples from different
spinning-sessions were measured. The length of the vertically hanging fibers were 2 m with the
extra load on the bottom during drying, thus the variation in OD and WT of the fibers along fiber
length was expected. The OD and WT of CHF and CM were measured at three different positions of
the fiber: Top, middle, and bottom. Variation in the values and a mean value with standard deviation
is shown in Figure A2 of Appendix A.

3.2. Effect of Water and Glycerol Treatment

To remove the solvent more efficiently with water, different methods were tried: Temperature,
circulation with pump and stirring. It was observed that 3 h water wash at 30 °C with circulation gave
good gas permeation properties of the membrane after carbonization.

Adsorbing the desired amount of glycerol into the pores of the fibers and increase the temperature
(20 °C) helped to improve both the gas permeation properties, as well as mechanical properties of the
carbon fibers. Fibers treated with 10 and 20% glycerol solution (circulating) gave carbon membrane
with CO, permeability below 20 Barrer and CO,/N; selectivity of 40. Similar results were obtained
when fibers were not treated with glycerol and in this case, most of the fibers were collapsed after
the drying process. However, the CO, permeability was above 200 Barrer with a selectivity of 50 for
CO, /N, when fibers were soaked in circulating 5 vol% glycerol aqueous solution (T: 20 °C) overnight.

3.3. Effect of Deacetylation

The rate of deacetylation depends on the diffusion velocity of OH™ ions inside the CAHF matrix
and substitution reaction rate with an acetyl group. It is expected that the smaller the fiber, the faster the
deacetylation. Fibers deacetylated for 2.5 h at ambient temperature gave good mechanical properties
after drying and permeation properties above Robeson upper bound 2008 [31] after carbonization.
Longer than 2.5 h deacetylation time resulted in a more morphological change in the pores of the fibers
and decreased CO, permeability after carbonization. The deacetylation parameters for similar kind
of process at laboratory scale has been investigated by orthogonal experimental design in a recently
published study [32]. Fibers deacetylated for less time than 2.5 h gave brittle and curly fibers after
both deacetylation (yield after drying <50% of good fibers) and carbonization. It may be due to the
partial deacetylation of CAHF. The fiber surface may be fully deacetylated, however, non/partially
deacetylated inner part of the fiber may cause different drying rates on both surfaces which ultimately
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would result in curly or brittle fibers. The CO, permeability of the subsequent carbon fibers was
below 30 Barrer with a CO, /N3 selectivity of less than 10. Similar results regarding mechanical and
permeation properties of fibers were obtained when deacetylation was conducted in aqueous solution
or 5 vol% IP dilution of 0.075 M NaOH for 2.5 h. The surface of the fibers might be deacetylated, but the
base molecules could not penetrate the fibers to hydrolyze the inner part. Hence, the resulting dried
fibers were brittle and dense. In 90 vol% 0.075 M NaOH solution diluted with 10 vol% Isopropanol
solution, the results indicated that the deacetylation was more homogenous and optimal for required
permeation properties. This may be due to the swelling of CA with IP, providing a more open structure
for the base to penetrate into the fiber. Liu et al. [20] have also observed that deacetylation in an aqueous
solution of NaOH, appears to be complete on the fiber surface, making them hydroxyl-rich and leaving
an acetyl-rich core. Whereas, in case of NaOH/EtOH solution, base molecules can penetrate the fiber
to deacetylate the fiber more homogenously both on the surface and internally.

Due to the high sensitivity of the process, the attempts to lead an optimal deacetylation (instead
of full) may deteriorate a uniformity and repeatability in cellulose fibers properties. There are too
many parameters starting from non-uniformity of the initial cellulose acetate, external parameters as
temp., mixing conditions etc., which may change from batch to batch or even within the same batch.
This uncertainty leads to some uncontrolled final chemical composition. The deacetylation in 90 vol%
0.075 M NaOH solution diluted with 10 vol% Isopropanol solution provided dried cellulose fibers
possessing good mechanical properties and yield was consistently over 80%. The SEM images of
deacetylated hollow fiber are shown in Figure 10. These hollow fibers with optimized deacetylation
gave stronger carbon fibers (loop with diameter: 8 mm) with permeation properties above Robeson
upper bound 2008.

EHT= 500kV  Signal A= SE2
WD= f0mm  Msg= 130KX

\REL ) |
EHT = 600 kV Signal A = SE2 Date :11 Dec 2008
WD= 10mm  Mag= 9.00KX

L wah A
EHT = 500KV SE2  Date:1Dec 2008
WD = 10mm 00KX

(0 (d)

Figure 10. (a) Regenerated CHF after deacetylation of CAHF/cross section (b) wall magnified (c) wall
inner edge magnified (d) wall outer edge magnified.
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3.4. Effect of Glucose Wash

It was important to preserve and protect the natural micro porous structure of cellulose hollow
fibers against irreversible collapse, which may occur during the drying process. Direct drying of
deacetylated fibers caused the curliness and highest shrinkage (difference in length of fiber when
treating with the additive solution and fiber length after drying) of hollow fiber membranes resulting
in dense membranes with very low CO, permeability. Jie et al. [24] also performed natural drying
of cellulose fibers and they found that the membrane was too dense to give any gas permeation
after drying.

It was found that cellulose fibers immersed in 7.5% glucose (aqueous) solution gives straight
fibers with good mechanical properties after drying. Glucose molecules having suitable size entered
most of the micro pores of the cellulose and was entrapped and engrafted easily. Glucose addition
provided stiffness to the fibers and minimized the curliness, but had the disadvantage of making the
fibers sticky when they were still wet. It might be possible to use some non-stick agents like those
used in paper and food industry, but it will then be important that all traces of this product are then
burnt off during carbonization and should not affect the gas permeation properties of the fibers. Nine
different types of additives and eleven various types of solvents were used both individually and in
combination with each other to study their effect on fiber shrinkage. Results are shown in Figure A3.
Effect of different solvent treatment (aqueous solutions) (after deacetylation) on shrinkage of dried
cellulose fibers—Figure A6 in Appendix A. Glycerol can also be used instead of glucose and it has
similar effect on fibers after drying. However, it was observed that drying time increases when several
fibers together on a carrier (instead of single fiber) were treated with glycerol. Glycerol with its high
viscosity and boiling point accumulates on the bottom part of the fibers and it was hard to obtain
homogenously dried fiber. The carbon fibers obtained after glucose treatment had good separation
performance and mechanical properties. One theory may be that glucose (structure) behaves like
cellulose during carbonization process, which results in carbon fibers with required properties.

3.5. Dry Fibers

The length of the fiber strands varied somewhat depending on their position on the collection
wheel. Hence, when the fibers were put on the “fiber carrier” they may not all have the same level of
initial tension applied to them.

Dry cellulose fibers (fiber color, length, shape etc.) gave the first hint to how uniformly the fibers
were processed. The effect of drying process (using the protocol shown in Figure 5) on different size
of the bundles are shown in Figure 11. The results show that fibers with smallest bundle size gave
the long and straight fiber after drying due to equal distribution of load at the bottom. The most
likely explanation is that the smaller clusters of fibers dried quicker, hence more stretch. The fibers
distributed in smaller than 10 mm bundle were longer, but collapsed in the bottom part of the fiber
due to too much stress of the load. The bundle size was kept at almost 10 mm to enhance the yield of
dried cellulose fibers.
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The effect of relative humidity (RH) is shown in Figure 12. The straightness was graded a visual
level range from 1-10, where 10 was very straight fiber and 1 very curly fiber. Useful fibers were
defined as those fibers, which could be used for further carbonization process. Figure 12 shows that
RH during drying had a direct effect on the straightness and usefulness of the dried cellulose fibers.
The fibers dried at RH over 50% at ambient temperature were straight and a high yield was obtained.
It was observed that slow drying overnight with RH changing from 90 to ambient maximized the yield

of the dried cellulose fibers. Figure 13 presents the yield of 460 spinning sessions of cellulose fibers
dried using the drying protocol, as shown in Figure 5.

Figure 12. Effect of humidity on straightness and usefulness of the dried cellulose fibers. RH,

relative humidity.
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Mechanical properties of fibers after different production steps are shown in Figure 14. It shows
that fibers after drying, possessed a maximum value of 1.9 N for tensile strength and minimum value
35% for elongation at break. Whereas the fibers after deacetylation, water wash, and glucose wash,
showed minimum tensile strength, which was almost half of the value compared to the fibers just after

spinning. The maximum value of elongation at break was measured after glucose treatment.
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Figure 14. Mechanical properties of fiber after different production steps.

3.6. Carbonization and Gas Permeation Results

The final good carbon fibers should not be perfectly straight, but preferably having waves
(i.e., wavelength > 10 cm) in order to (i) improve the gas flow pattern in the module, and to (ii) handle
thermal expansion or shrinkage without breakage. However, curls (bends with a diameter less than
5 cm, i.e., ca 2x bundle diameter), kinks and loops must be eliminated. Gas permeation results of some
batches dried at different RH are shown in Figure 15. These are small scale modules with an effective
area of 0.002 m? for each module. Details about pilot scale module construction, gas permeation
performance and pore tailoring of the membranes after carbonization are reported elsewhere [14,33].
It was observed that fibers dried in RH: 65% — 35% when drying overnight at ambient temperature
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(23 °C) produced lowest number of carbon fibers. However, the gas permeation properties of these
fibers were better compared to the fibers dried in RH: 55% — 35%. The maximum number of good
fibers possessing both high gas permeation properties and mechanical properties were obtained at
RH: 85% — 35%. These results indicate that slow drying of fibers at high RH humidity prevents the
pore structure of dried cellulose fibers. It could be because along the cellulose fiber, water exists in
two states: As bonded water (strong hydrogen bonds with cellulose molecules) and as free water
(surrounded by the bonded water and no contact with the cellulose molecules). In the natural drying
at lower RH: 55% — 35%, the water evaporated quite fast and the water-cellulose bonds were strong
enough to pull the cellulose structure in a region with more dense/collapsed structure. However, in
slow drying at higher RH: 85% — 35%, it could be that the hydrogen bonds of water-cellulose pulled
the cellulose structure closer and closer until new hydrogen bonds between cellulose chains were
formed, and keeping the pores structure stable as the free water evaporated gradually.
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Figure 15. Gas permeation properties of carbon hollow fibers from regenerated cellulose precursor
(RH: 80-35%; Black squares, RH: 65-35%; Red circles, RH: 55-35%; green triangles).

4. Conclusions

A pilot-scale system to produce regenerated cellulose hollow fiber membrane is reported in
the current study. These regenerated CHF were used as precursors to produce high performance
carbon membranes. Asymmetric CAHF with average outer diameter 515 um and a wall thickness
of 85 um were spun in a dry/wet spinning process. The effect of DMSO and NMP as solvents in
dope solution was studied. It was found that fibers spun with DMSO contain macrovoids on the
wall. However, the fibers spun with NMP gave high quality fibers with promising (above Robeson
upper bound 2008) gas permeation properties. The influence of DMSO and NMP as bore solvent on
gas permeation properties was also reported. It was found that the increase in the concentration of
DMSO improves the permeability of CO,, but the maximum value measured was 25 Barrer at 95%
DMSO in bore fluid. Whereas, membranes spun with bore solution containing 65% and 70% of NMP
showed CO, permeability of 256 Barrer and 144 Barrer with CO,/CHy selectivity of 156 and 172
respectively. The spun-CAHF underwent water wash and glycerol treatment to prevent the pores
before they were transformed into regenerated cellulose through deacetylation process. It was found
that fibers water washed overnight and then treated with 5% glycerol (aqueous) solution overnight
give high performance carbon membranes with good mechanical properties. The deacetylation
process was optimized by adjusting the different parameters (NaOH concentration, type of solvent,
temperature, stirring, reaction duration, etc.) to achieve cellulose fibers with high yield on a pilot scale
system. Optimized deacetylation of spun-CA hollow fibers (CAHF) was achieved by using 90 vol%
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0.075 M NaOH aqueous solution diluted with 10 vol% Isopropanol for 2.5 h at ambient temperature.
The number of collapsed and curly fibers were reduced with minimum shrinkage after drying process
by the treatment of 7.5% glucose after deacetylation process. Drying conditions (temperature, relative
humidity, rate of drying, stretch in fiber during drying) were optimized to achieve maximum (>95%)
number of successful cellulose fibers. Relative humidity (RH) protocol for drying was improved
after an investigation of different RH experiments. Separation performance results showed that
RH changing from 80% to 35% at room temperature overnight gave maximum separation (above
Robeson upper bound 2008) performance for the subsequent carbon hollow fibers. Tensile strength and
maximum elongation of fibers were measured after each treatment. The pilot scale results showed that
high performance carbon membranes can be made from regenerated cellulose (a relatively inexpensive
precursor). This work identifies bottlenecks required for different unit operations in the preparation of
a precursor for a carbon membrane with acceptable properties.
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Figure A1l. Principal component analysis (PCA) of three different types of spinnerets and resulting
fiber yield.
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Figure A6. wt% loss and shrinkage after carbonization process when different additives were used
after deacetylation.
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Abstract: The simultaneous carbonization of thousands of fibers in a horizontal furnace may result
in fused fibers if carbonization residuals (tars) are not removed fast enough. The optimized purge
gas flow rate and a small degree angle in the furnace position may enhance the yield of high quality
carbon fibers up to 97% by removing by-products. The production process for several thousand
carbon fibers in a single batch is reported. The aim was developing a pilot-scale system to produce
carbon membranes. Cellulose-acetate fibers were transformed into regenerated cellulose through a
de-acetylation process and the fibers were carbonized in a horizontally oriented three-zone furnace.
Quartz tubes and perforated stainless steel grids were used to carbonize up to 4000 (160 cm long)
fibers in a single batch. The number of fused fibers could be significantly reduced by replacing the
quartz tubes with perforated grids. It was further found that improved purge gas flow distribution in
the furnace positioned at a 4-degree to 6-degree angle permitted residuals to flow downward into
the tar collection chamber. In total, 390 spun-batches of fibers were carbonized. Each grid contained
2000-4000 individual fibers and these fibers comprised four to six spun-batches of vertically dried
fibers. Gas permeation properties were investigated for the carbon fibers.

Keywords: molecular sieve; regenerated cellulose; carbonization process; gas separation

1. Introduction

Polymeric membrane-based gas separation process had already been proven commercially [1,2]
when Koresh and Soffer [3-6] produced and reported the first carbon molecular sieve (CMS)
membranes in the 1980s. Although polymeric membranes still dominate the market for gas separation
due to a low production cost [1,7], the applications of these membranes are restricted by fairly low
performance (meaning the inevitable trade-off between selectivity and permeability [7]) and usually
poor chemical and thermal resistance. On the contrary, carbon membranes prepared from their
polymeric precursor membrane have shown both excellent separation performance as well as thermal
and chemical resistance when investigated in different applications [8-12].

Since CMS are a relatively new class of membranes, most of the reported research is done
on a laboratory scale [10,13-23] and there are limited data available on commercial success [24,25].
The major challenges to commercially produce these membranes are that most of the precursors being
used (polyimides, polyetherimide, phenolic resin etc. [26]) are relative expensive materials or are
obtained only at a laboratory scale. They have low mechanical strength (especially shear strength)
and high production cost [27]. The aim of this study was to develop a cheaper process to produce
CMS membranes on a pilot-scale. Cellulose esters and in particular cellulose acetate (CA) have a
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relatively low cost and have been widely used in the membrane industry [28,29]. However, direct
carbonization of CA results in discontinuous carbon (more like a powder) since the intermediate
product levoglucosane [30] is not formed during carbonization. Hence, the CA must be deacetylated
to form “regenerated cellulose” after the membrane casting process, e.g., the dry-wet spinning process.
In 1995, Soffer et al. [31] patented the protocol for the carbonization of cellulose precursor. Carbon
Membranes Ltd. (Arava, Israel) produced cellulose-based carbon hollow fiber modules on a pilot
scale to successfully recover SFg in dielectric environments, but the company was closed after a
few years [24,32,33].

CMS membranes from regenerated cellulose precursor have shown excellent gas permeation
properties on both the lab and pilot scale [13,14,18,25,34-36]. MemfoACT AS (Trondheim, Norway),
which is a company that has closed down, produced regenerated cellulose-based carbon membranes on
semi-commercial plant using a multi-step production method (spinning of CA fibers, solvent-exchange,
deacetylation, solvent-rinsing, drying, carbonization, module construction, and gas permeation
testing) [12].

Carbonization is a critical step in the process of forming carbon membranes and the resulting pore
structure (which depends on the carbonization steps and morphology of precursor) will determine
the separation properties of the resulting membrane. The gases and tars liberated upon carbonization
depend on the chemical composition of the precursor and can include CO,, CO, Hy, N», NOx, and H,O.
A carbon residue is also formed by condensation of polynuclear aromatic compounds and expulsion
of side chain groups [37]. If these by-products are not removed fast enough, they can deposit it in the
carbon matrix, which makes it denser (very low flux) and, in the case of thousands of fibers, they may
fuse together [38].

Generally, the carbonization furnace is used in horizontal orientation with one or three heating
zones and a quartz tube reaction chamber. The loading of thousands of hollow fibers in a horizontal
quartz tube would result in fused fibers (unusable) because of uneven distribution of purge gas
flow (described below) in the tube and then residual products staying under the fibers makes them
stick together.

To overcome the problem of fused fibers, Karvan et al. [39] tested a pilot-scale system with a
vertically oriented furnace to carbonize the precursor hollow fibers. They carbonized 242 fibers using
a “loop system” to suspend the fibers individually in the vertical position to reduce the possibility
of fibers contacting during carbonization and to promote the flow of purge gas and by products.
The maximum survival rate of fibers was 93% and the rest of the fibers were broken on the top.
The fiber broke due to softening of the material, which transitioned from glassy to the rubbery
state. These fibers had 66% lower permeance of CO, and 16% decreased CO,/CHy selectivity when
compared to their laboratory/bench scale carbon hollow fibers.

The production process for several thousand carbon fibers in a single batch is being reported
for the first time ever. MemfoACT AS carbonized regenerated hollow fibers in a 3-zone horizontal
furnace. They used different types of perforated stainless-steel flat trays to carbonize up to 4000 (160 cm
long) fibers in a single batch with maximum survival of 95%. Fiber shrinkage during carbonization
was 30% to 35%. The permeation properties of carbonized fibers were almost similar or even higher
in some batches when compared to the lab-scale process. In total, 390 spun batches of fibers were
carbonized using quartz tubes and perforated plates to investigate and enhance the survival rate of
carbonized fibers. The purge gas flow distribution in all directions of the fibers was clearly improved
by using perforated plates. Hence, the aim of the research by MemfoACT AS was to use a relatively
inexpensive, environmentally-friendly membrane material (CA) to make carbon membranes at a
semi-industrial scale with maximum successful fibers and acceptable gas separation performance.
However, the focus of this paper is more on the carbonization process that was used by MemfoACT
AS and briefly describes the precursor preparation. The performance of produced CM and the survival
rate of each batch is also reported. Predicting the cost of carbon membrane modules is difficult
because of the lack of commercial precedent. Polymeric hollow-fiber membranes are assumed to cost
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roughly $20-50/m?. The cost of carbon membranes is far more uncertain. It is expected that carbon
membranes cost between one-order and three-orders of magnitude more per unit of the membrane
area compared to polymeric membranes [1,40,41]. This would make the range a rather daunting
$200-50,000/m2. However, the goal of MemfoACT was to produce regenerated cellulose-based carbon
membranes in the range of $100-200/m?. The details about the production cost and techno-economic
feasibility of CM-based on a pilot scale production price has been discussed in our previously reported
work [25,27,42].

2. Experimental

2.1. Preparation of Precursor Fibers

A dope solution consisting of CA, N-methylpyrrolidone (NMP), and polyvinylpyrrolidone (PVP,
Mw 10,000 from Sigma Aldrich, Oslo, Norway) (CA 22.5%/NMP 72.5%/PVP 5%, all w/w) was
prepared. A bore solution consisting of water/NMP in different ratios was used as an internal
coagulant while water at 50 °C was used as an external coagulant for the spun fibers. A well-known
dry/wet spinning process was used on a pilot scale spinning set up, delivered by Philos Korea, to
spin the CA hollow fibers. Each batch consisted of 2 m long 1200 fibers. The fibers were treated with
aqueous solution of glycerol for 24 h to completely wash out the bore solvent from the fibers and
to preserve the porosity of the fibers. To deacetylate CA fibers, they were then immersed for 2.5 h
in a 90 vol % 0.075 M NaOH aqueous solution diluted with 10 vol % Isopropanol. The regenerated
cellulose fibers were treated with 7.5% glucose solution (aqueous) for 30 min to reduce the shrinkage
and curliness of fibers after the drying process. The number of days before loading the furnace for the
carbonization process varied from 1 to 10. Figure 1 shows the schematic diagram of the hollow fiber
spinning process.

Spinneret

! Pump

Nascent hollow Guide roll
fiber membrane a|_\j Draw ratio is up to

Control - Control the “the take-up speed
the skin | Air Bore fluid can
[ 1) integrity | 8ap

é E Valve

Gear pump
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Temperature and Length can be
used to control the skin integrity
and phase separation time

Thermometer

Polymer dope can

Coagulation bath (second bath)
(composition: polymer, solvent, nonsolvent)

Coagulation bath

Quench bath (first bath)

Figure 1. Schematic diagram of the hollow fiber spinning process.

2.2. Fiber Loading in the Furnace and Carbonization Procedure

2.2.1. Description of the Furnace

The furnace used in this work was specifically made (Model: Carbolite special HZS 12/150/2400,
bought from VWR International AS, Hope Valley, England) with three independently controlled heating
zones. A custom-built stand under the furnace was used to adjust the height accordingly. The height
of the furnace could be adjusted independently on each end. The drawing of the furnace is shown
in Figure 2. A quartz tube with outer diameter (OD) of 150 mm, 5 mm wall thickness, and 3000 mm
in length and seven smaller quartz tubes with 34 mm OD, 2 mm wall thickness, and 2700 mm in
length were purchased from Chemi-Teknik AS, Oslo, Norway. One end of the bigger tube was sealed
with gasket and stainless-steel flange. However, the other end was used for loading/unloading of
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the small quartz tubes and gas inlet/outlet connections. Glass wool (can withstand 800 °C) was
used for an insulation purpose and was provided by Rockwool Colnite AS, Oslo, Norway. Gaskets
and stainless-steel clamps as well as cup/flanges were custom-built in the workshop of Norwegian
university of Science and Technology. A complete drawing of the furnace system is presented in
Figure 3 along with photographs of the furnace. Gas flow controllers were bought from Aalborg USA
and gases were delivered by Yara Praxair AS, Trondheim, Norway.
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Figure 2. Drawing of 3-zone furnace with dimensions (mm) (Source: Carbolite).
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Figure 3. Drawing of furnace, bigger quartz tube, smaller quartz tube assembly and photographs of
the system with carbonization in progress.
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Two types of 2 m long perforated plates (purchased from Nisjemetall AS, Royken, Norway) with
square openings (10 x 10 mm? and 20 x 20 mm?) and width of 120 mm were also used to carbonize
the hollow fibers.

2.2.2. Procedure for Carbonization

Different types of collection methods were tried. However, only two methods that had a great
effect on membrane morphology after deacetylation, drying, and carbonization are being reported here.

Loading the Furnace

The angle between support/level and furnace/tube was set to 6° by raising the closed end of the
furnace to enhance the flow of residue downward. 1-7 quartz tubes were filled with 500 to 1000 fibers
in each tube. A thread with a loose knot around the fibers was used to pull the fibers inside the quartz
tubes. The thread was removed after fibers are inserted. An insulation plate was cut OD 120 mm and
holes were made according to the template (honey comb arrangement), which is shown in Figure 3
(number of tubes loaded, 30 mm hole diameter), a 32 mm OD hole for the tar drain tube, and a 3/8”
OD sweep gas tube. Insulation plate along with quartz tubes were pushed inside the bigger/furnace
tuber into the heating zone of the furnace (4648 cm from the edge of the furnace tube).

In the case of using the perforated plate/grid, the grid was filled with 1600 to 4000 fibers. The fibers
were distributed as equally as possible on the grid with the layer thickness across the width of the
grid becoming as constant as possible. The upper end of the fiber (the upper end during the drying of
cellulose fibers) was placed at an upstream end of the grid (the end of the furnace tube where preheated
purge gas enters). Flat grids were unstable when placed directly into the furnace tube. Therefore, four
smaller quartz tubes were used as support inside the furnace tube in the bottom of grids (also shown
in Figure 3). It also helped to protect the inner wall of the furnace tube from scratches (stainless-steel
grids) and provided distance between purge gas and the grid. The grid was then pushed into the
heating zone of the furnace (46-48 cm from the edge of the furnace tube).

The inlet of the purge gas (flowing into the furnace) tube was placed in between the middle
support tubes and the outlet end was pushed through the insulation plate (demonstrated in Figure 4).
Then the tar drain tube was inserted into the insulation plate, which makes an angle so that the tar
flows to the end cup/flange of the furnace. This is shown in Figure 3. The flange, gasket, and metal cup
were greased with Loctite 8104. The purge gas inlet tube is by design welded to the cup and coupled
with a tube inside the furnace through a tight silicon tube (ca 40 mm long), as illustrated in Figure 4.
Two clamp halves were mounted, holding the cup, with two screws so that both halves gently touched
each other. The screws in the clamps were tightened very gently, avoiding high momentum, to protect
the quartz tube. Figure 5 shows the photograph of the perforated plates loaded with fibers, which are
ready for carbonization.

All the valves separating the furnace from the rest of the gas lines were closed. Then the vacuum
pump was turned on followed by slow opening of the valve between the pump and the furnace.
Then the system was checked for any possible leakage. The system was left to evacuate overnight,
which normally yields a pressure <10 mbar.

Carbonization

After evacuating the air out of the system, N, or CO, flow of 0.8 L/min was supplied through
a gas flow controller. The flow was gradually increased to 1.9 L/min to fill the oven. As soon as the
pressure inside the furnace tube reached just above the atmospheric pressure (1.1-1.2 atm), the valve to
the exhaust trap and the valve to the tar trap was slowly opened. H,O/NMP in the volume ratio of 4/1
was used as an exhaust trap on the outlet of the furnace. For tar absorption, 10% triethyleglycol (TEG)
in water was used and an outlet from both the exhaust trap and the tar trap was then connected to the
ventilation. Gas flow was varied for a few batches to optimize, according to the fiber holders (no. of
quartz tubes or SS-grid), but it was always kept in the superficial velocity range of 1 to 10 cm/min [38].
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Figure 4. A photograph (on left) and a schematic diagram (on right) of end-cup and holder on the
fiber loading-end of the furnace tube.

Figure 5. Perforated plates with square openings (10 x 10 mm?) and (20 x 20 mm?).

The carbonization protocol (as illustrated in Figure 6) was then started. At the end of the protocol,
the system was left to cool naturally and gas continued to flow at the original flow rate. When the
furnace temperature was 70 °C or below, the gas flow was stopped and both traps (exhaust and tar)
were disconnected. Because the cooling of the furnace may create a slight vacuum inside, the liquid in
the exhaust trap is thus hindered to flow into the furnace tubes or tar trap. Quartz tubes/grids were
pulled out of the furnace tube and fibers were stored on a clean surface (a plain paper). Then fibers
were left to degas overnight before they were further processed. The stainless-steel grid did not need
any washing after carbonization since there was no residue stuck on the grid. However, the quartz
tube needed washing after each carbonization cycle.
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Figure 6. Carbonization protocol used by MemfoACT AS.

2.3. Permeation Testing

For the permeation experiments discussed here, CM (0.002-2 m? for each module) modules were
tested in a permeation set-up with a shell side feed configuration. The mass transport properties of
CM were measured with the single pure gases CO,, Ny, CHy, and mixed gas (40% CO, in CHy) at
5 bar feed pressure (ambient temperature: 20-23 °C) and with or without vacuum on the permeate
side. He et al. [14] has also performed the mixed gas experiments on the carbon membrane (prepared
with a similar protocol) and results showed that the membrane performance for CO, separation is the
same or even higher in some cases for mixed gas as compared to single gas separation. The carbon
membranes prepared by MemfoACT AS also showed similar results. The values for CHy gas were
found to give a selectivity &« CO,/CHy = 3-a CO,/Ny.

The performance of the membrane was evaluated by measuring the CO, permeance in
[m3(STP)/(m? h bar)] and CO, /N, selectivities () by using Equations (1) and (2). The tests were
run from several hours to several days to ensure that the transient phase of diffusion was passed and
the steady state obtained (dp/dt tends to a constant). The gas permeance, P [m3(STP)/(m?-h-bar)],
was evaluated by using Equation (1).

9.824 V-(dp/dt) @
T T APAT,,

In this case, V is the permeate side volume (cm?) that can be measured with a pre-calibrated
permeation cell reported elsewhere [15,40]. However, the permeate side volume for this study was
estimated by the tube length and the cylinder volume on the permeate side. dp/dt and A are the
collection volume pressure increase rate (m bar/s) and the total active area of the membrane (cm?),
respectively. AP (bar) is the pressure head and T,y (K) is the temperature for the experiment. The ideal
selectivity was defined as the ratio of the pure gas permeance, which is shown in Equation (2).

P,
Xa/B= sz )
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3. Results and Discussion

3.1. Fiber Morphology and Successful Fibers

Figure 7a—c shows the scanning electron microscopic (SEM, Zeiss SUPRA 55VP, NTNU) images
of the carbon hollow fiber membrane. The average diameter of carbon fibers was 210 um with wall
thickness of 23 um. Carbonization is a critical step and varying carbonization conditions would result
in a dissimilar carbon matrix for each carbonized batch of hollow fibers.

Figure 7. SEM images of carbon hollow fiber membrane (CM), (a) cross section, (b) wall magnified,
and (c) inner edge of the wall magnified.

The final carbon fibers should not be perfectly straight but should preferably have waves (i.e.,
wavelength >10 cm) to (i) improve the gas flow pattern in the module and to (ii) handle thermal
expansion or shrinkage without breakage. The color of carbonized fibers gave the first insight to
evaluate if the fibers were processed as required. The carbonized bundle should be shiny, which
means that surface of carbon fibers is free from low-molecular products (tars) of cellulose pyrolysis.
The residual tars caused the fibers to stick together, which resulted in their embrittlement. To make
a qualitative test on the carbonized bundle of fibers, some quick mechanical examinations were
performed. The optimal bundle of carbon fibers should easily separate into individual carbon fibers
with a gentle hand. The fiber bundle was shaken in a careful and gentle way by holding on one end,
so any broken fibers could fall out. The procedure was repeated by holding the other end of the bundle
the same way. Carbonization was considered successful if the broken fibers do not exceed 2% of the
total fibers in the bundle. Fiber strength was tested by a simple loop diameter method. A loop made of
an individual carbon fiber was slowly tightened while measuring the diameter simultaneously until
the fiber was broken. An acceptable average minimal diameter should not exceed 10 mm. Sampling
was performed on different parts of the fibers as well as from the middle and outer part of the bundle
to evaluate the uniformity of its mechanical properties.

Figure 8 summarizes the results of 390 spun-batches, which are carbonized both in the quartz
tubes and on the SS-grid. As can be seen in Figure 8, on average, 40% of the total carbonized fibers
and fibers in the quartz tubes were fused and unusable. However, some batches exceeded to 60%
of fused fibers. The brittle fibers obtained from the same batches were in the range from 0% to 30%.
The percentage of curly and collapsed fibers (not shown here) was between 0% and 5%. Hence,
the “survival rate” of these batches was very low (<10%). It was assumed (i.e., % of good fibers)
that honey comb arrangement of quartz tubes might create more uniform conditions in cross-section
within each bundle, but it was observed that the unequal flow rate of gas was distributed in each
bundle/tube. Therefore, most of the residual produced during carbonization stayed inside the bundle,
which resulted in fused and brittle fibers. Using an angle on furnace (4-6° by raising the closed end of
the furnace to enhance the flow of residue downward) improved the rate of survival but still could not
produce successful fibers consistently. The residual amount was also different in all batches depending
on the changed parameters during precursor preparation or the number of fibers in each carbonization
batch. It could be noted that the survived fibers were always on the top of the bundle and those in the
bottom part was fused.



Membranes 2018, 8, 97 90f13

100 -
L]
% [ @ Fused fibers/carbonized in quartz tube | @ Fused fibers/ carbonized on SS-grid|
* . .
L] L]
501 ®e e o * .o
N .
% 0 0 % %, o,
~~
') «% o °
X [* IR VAL 2T *
< o 4, *°Je e -:' .
.o LY P L) L) . ° . o ® o
D |2 LI . %o % ° o ° . * o * ., %
[0} (XY s o ° S el «®, ” :‘ A ’o.‘or
2| <% . R ealn 't & 211N
g 100
2 |«
8 80 [ W Brittle fibers\ carbonized in quartz tube [ W _Brittle fibers/ carbonized on SS-grid]
o |™ . -
S | .
© | . . s -
g 40 LR T -
c A . L T R R
30 P ", - fee gt na n
- . LT ey L o Tt W
20 z 1;.-1. " o - . 'T--h'_,‘.l- BTy b sans
. L
10 ﬂ' L] (R fﬁ' - ..I N : - ':‘ :..j Fa lEl - . B wn”
. ll.f Pl T R l'-i‘ . . -, i.'. L] " .': -
-10 -
0 20 40 60 80 100 120 140 160 180 0 50 100 150 200 250

Carbonized batches

Figure 8. Fused and brittle fibers after carbonization, results with quartz tube (left), and results with
SS-grid (right).

The number of fused fibers were significantly reduced when carbonized on the perforated SS-grids,
which is shown in Figure 8. Usually each perforated SS-grid contained 2000-4000 individual fibers and
these fibers included 4-6 spun-batches of vertically dried regenerated cellulose fibers. Initially, all fibers
on the grid were placed in the same direction (top side during drying) for all batches. After several
carbonizations, it was observed that the fibers fused more only on one side of the bundle (top side).
Hence, the dried batches were arranged on an SS-grid in an alternating order (top of one batch in
one direction neighboring with the bottom of the other batch and so on). It improved the number
of survival fibers but there were still some fused fibers in each bundle. Then a perforated grid with
bigger openings (20 x 20 mm?) was used, which increased, and the results were almost similar as
with previous grid (10 x 10 mm?). It was found that fibers on the bottom of the bundle touching to
the grid and specifically sections of the fibers in contact with SS-grid were sometimes fused and got
stuck with the grid. That portion of the fibers became brittle and pulling it away from the bundle
(separating the fibers) would break the fibers. Although numerous batches had zero fused fibers, it was
still challenging to keep the consistent production rate. While gas distribution was improved by the
use of grids, there were still some sections where the pressure drop was higher (fibers not equally
dispersed on grid) and gas was not able to isolate the fiber-tar-fiber and fiber-tar-grid connections.

The carbonized hollow fibers should be sufficiently strong, flexible, and uniform to produce
bigger commercially modules with high packing density. The challenge during carbonization is the
fiber brittleness. As shown in Figure 8, both carbonization methods (fibers inside quartz tube and on
SS-grid) had almost a similar number of brittle fibers. These fibers could not be looped into the 10 mm
diameter before they broke. This was used as the definition of brittleness in this study. There may be
two possible reasons for the brittle carbon fibers: (1) varying properties of the precursor in each batch,
e.g., partial deacetylation, fast drying at lower relative humidity (40-30%), etc. (2) surface of carbon is
not fully free from low-molecular products (tar). In future research, a continuously rotating perforated
tube (SS or glass) is suggested for the carbonization of big batches. This would help distribute the
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gas equally in a more efficient way, remove the residual tar, and avoid the continuous contact of
fibers with tube and each other. Furthermore, a model to estimate the gas flow pattern inside the
carbonization chamber would be very helpful to manipulate the gas distribution inside the chamber
for a homogenous flow.

3.2. Gas Permeation Properties

The separation properties of the resulting membrane will be determined by the pore structure
formed during carbonization. It was observed that a high temperature (700 °C) carbonization resulted
in a dense membrane with decreased CO, permeability (up to 20 Barrer) and high CO, /CHy selectivity
(above 200). Yet, 650 °C final temperature improved the permeation properties of the resulting carbon
membranes by sacrificing some of the selectivity.

Figure 9 presents the permeation results of the carbon hollow fiber membrane prepared from
regenerated cellulose hollow fibers. As shown in Figure 9, some batches were carbonized under
the CO; atmosphere. Despite good permeation properties, the resulting fibers possessed very weak
mechanical properties. Fibers carbonized under vacuum had lower CO, permeability and selectivity
values than when prepared in CO, or N; atmosphere. The membranes prepared in the N, atmosphere
exhibited high performance (as shown in Figure 9) and good mechanical properties. Therefore, the rest
of the batches were exposed to the N, atmosphere during carbonization. Geiszler and Koros [38]
reported that an inert gas atmosphere resulted in a more open but a less selective CMS matrix compared
to vacuum carbonization. They explained this with acceleration in the carbonization process due
to an increased gas phase heat and mass transfer. The same authors also observed that the CO,
purge produced a highly porous, nonselective membrane by oxidizing the carbon and ten times
reduction in purge gas flow rate caused a decrease in the permeate flux, which was presumable by
the deposition of tar (carbon) either on the membrane surface or in the pores. Based on our own
observations where carbonization in the CO, atmosphere with previously mentioned flow rates looked
promising, reasonable permeability and selectivity was achieved. The yield of produced carbon fibers
was significantly reduced due to weak mechanical properties.

Carbonization atmosphere

@ N, @ CoO,
Robeson upper bound (2008)
~

CO,/CH, selectivity
% 8
j ©

10 T T TP e
10" 10° 10" 107 10° 10 107 10° 10°* 10°
CO, permeability (Barrer)

Figure 9. Separation performance of carbon hollow fiber membrane when carbonized under N, and
CO, atmosphere (Final temperature: 650 °C) (1 Barrer = 2.736 x 10~2 m3(STP) m/m? bar h).
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As already stated, the N, atmosphere was chosen to be used for the rest of the batches.
The optimized flow rate of purge gas yielded mechanically strong fibers with acceptable gas permeation
properties. CM produced on a pilot-scale plant showed equal or higher performance as compared
to the laboratory scale carbon membranes in CO,-CHjy separation. The performance of produced
fibers is comparable with the previously reported work [13-15,17]. The results presented in Figure 9
are for the smaller (~0.002 m? of each module) modules. However, the bigger modules with an
effective area of 2-2.5 m? of each module were made and used to produce vehicle fuel from biogas.
The performance of these bigger modules was enhanced further by a chemical vapor deposition (CVD)
process. Details about the construction of bigger modules, performance, CVD procedure, and aging
of these modules were reported elsewhere [25]. Preparation of regenerated cellulose-based carbon
membranes, characterization, and the performance of these modules on a laboratory scale has already
been reported [14]. The carbonization process is not stable enough to achieve the same results for
each fiber in each batch. However, the idea of this work was to keep the variance minimal within and
between batches. It is important to note that the results shown in Figure 9 were obtained by testing
several fibers from different batches. The performance of different fibers picked up from different
batches varies. This varying performance may be due to a change in the structure that might have
occurred during the preparation of precursor fibers or through the carbonization process. In each
bundle of carbonized fibers, there might be a gradient of tar build up. In some cases where membrane
performance is below the upper bound, it seems that a smaller number of open pores are available
for gas permeation. During carbonization, it might be that tar have stuck the fiber surface to reduce
the number of open pores, which ultimately declined the performance of the membrane. However,
in other batches, the chosen fiber for permeation testing might have had more open pores.

Karvan et al. [39] reported that fibers carbonized on a pilot scale plant in a vertically-oriented
furnace had 66% lower permeance of CO, and 16% decreased CO,/CHy selectivity when compared to
their laboratory/bench scale carbon hollow fibers. The gas permeation results of carbon membranes
prepared by MemfoACT AS showed that horizontal orientation could give carbon membranes with a
high performance. An adjustment of the furnace angle (4-6° by raising the closed end of the furnace)
and a perforated plate inside the furnace increased the number of good fibers consistently by securing
equal purge gas distribution and removing the residual products simultaneously.

4. Conclusions

A pilot-scale system for production of high performance carbon membranes from regenerated
cellulose has been studied and reported. A relatively low-cost precursor material and a single stage
carbonization process, which obtained over 90% of successful carbon fibers, made the pilot production
of carbon membranes more economically attractive. The number of fused fibers was significantly
reduced by replacing the quartz tubes as fiber carriers inside the furnace with perforated trays of
stainless steel as fiber carriers. Separation performance of the regenerated cellulose-based carbon
membranes was equal or even higher than the reported membranes produced on a laboratory scale.
Fibers carbonized under a CO, atmosphere had lower mechanical properties compared to the fibers
carbonized under an N, atmosphere. The carbonization process is not stable enough to achieve the
same results for each fiber in each batch. However, the idea of this work was to keep the variance
minimal within and between batches. A few suggestions were proposed to enhance the survival
rate of good fibers with more consistency. Through careful optimization of the carbonization process
(temperature, purge gas flow rate, purge gas type, and angle of the furnace), the number of fused fibers
may be reduced. An adjustment of the furnace angle (4-6° by raising the closed end of the furnace) and
a perforated rotating tube inside the furnace may increase the number of survived fibers consistently by
securing equal purge gas distribution and removing the residual products simultaneously. Exploration
of the purge gas flow pattern inside the furnace is also proposed in future work.
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Introduction

Carbon molecular sieve (CMS) membranes were first reported
by Koresh and Soffer in the 1980s, and after a couple of years, the
first company called Carbon Membranes Ltd. was based in Israel
[1]. As of now, extensive attempts involve the development of new
strategies for producing CMS membrane with improved CO,-CH4
separation performance, finding cheaper and environmentally
friendly raw materials. Most of the work reported has been
performed at laboratory scale and, to the best of our knowledge,
very limited work has been reported on the actual industrial
exposure of CMS membranes when in contact with H,0, H,S,
higher hydrocarbons, aromatic compounds and aging of carbon
membranes under these harsh environments. CMS membranes
appear to be vulnerable to oxidation, humidity and pore blockage
resulting in pore constrictions that make it hard for gas molecules
to permeate through the membrane [2].

Carbon membranes are known to age, and extended exposure
to various molecules such as H>O and O, change the effective pore
size by physical or chemical sorption, hence modifying the
performance of the membrane. The vulnerability of CMS mem-
branes to water is a complex phenomenon. Carbon surfaces are
basically hydrophobic; however, the microporous walls of the

* Corresponding author.
E-mail address: may-britt.hagg@ntnu.no (M.-B. Hagg).
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carbon membrane will quickly become partially covered with an
oxygen containing functional group which hence results in the
membrane having a hydrophilic character. Therefore, once the first
layer of water molecules is adsorbed, adsorbate-absorbate
interactions promote further adsorption of more water through
hydrogen bonds [3,4]. This results in a reduction in capacity of the
membrane, and hence is a serious problem for the industrial
application of carbon membranes as most feed streams contain
some humidity. Jones and Koros [5] reported that performance
losses were minimum for carbon membranes prepared at 550 °C as
compared to the one pyrolyzed at 500 °C when tested in the range
of 23-85% humidity. Xu et al. [6] have recently reported the
importance of physical aging showing that physical aging appears
to be the leading source for rapid changes of transport properties at
the early stage after the membrane fabrication. It may happen due
to shrinkage of pores over time to achieve a thermodynamically
stable state. Wenz and Koros [7] have recently reported the
postsynthetic modification method to suppress the physical aging
by tuning the pores of carbon membranes. Chemical sorption
involves chemical bonds, usually C-O bonds, and the bonding
forces here are stronger than van der Waals forces (physical
bonding), making removal of these components more complex and
energy demanding [8,9].

Okamoto et al. [10] carbonized asymmetric hollow fiber mem-
brane of a polyimide from 3,3’,4,4’-biphenyltetracarboxylic dianhy-
dride and aromatic diamines in the N, atmosphere at 500-700°C.
Carbon membranes prepared at 600-630 °C showed good stability in

1226-086X/© 2018 The Korean Society of Industrial and Engineering Chemistry. Published by Elsevier B.V. All rights reserved.
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the separation of propylene/propane and 1,3-butadiene/n-butane.
The membranes hardly changed the performance, when stored for 1
week at room temperature. Campo et al. [11] have described the flat
sheet carbon molecular sieve membrane produced from commer-
cially available cellophane paper which is regenerated cellulose
obtained by the viscose process. The authors claim the membrane
showed no signs or aging upon exposure to oxygen and water. It has
been shown that storing carbon membranes in an inert environ-
ment such as nitrogen prior to use is advantageous [9].
MemfoACT AS, a spin-off company from the Norwegian Univ. of
Science and Tech. founded in 2008 (closed in 2015) produced an
efficient and compact system for biogas upgrading to fuel quality
bio-methane based on carbon hollow fibres (CHF) membranes
using deacetylated cellulose acetate (CA) as precursor. These
membranes were exposed to real biogas at three different biogas
fields in Norway, Field 1 (F1) with H,S <5 ppm in the feed gas, Field
2 (F2) also with H,S <5ppm and Field 3 (F3) with H,S: 150-
2400 ppm in the raw biogas. CHF installed, demonstrated excellent
initial performance, but a significant drop (up to 70% in CO,
permeance) was observed after one year of exposure at F1. This
highlights the importance of concern with respect to aging for the
carbon membrane. Anderson et al. [12] have reported the effect of
H,S on polyfurfuryl alcohol based carbon membranes. It is
important to understand the stability and aging of CMS mem-
branes when stored under different conditions (static aging) and
while in operation (dynamic aging). The experience of CHF to
mentioned conditions and their effect on membrane performance
is important to understand for the actual industrial applications of
CHF and is the motivation and focus of the current work. It is
however important to stress that the current study reports the
performance of regenerated cellulose based CHF membranes at
low pressure The high pressure process is discussed elsewhere
[13]. Real biogas exposure results also indicated that the
membrane was mechanically stable at actual industrial conditions.
However, the brittleness of hollow fibers remained a challenge. The
mechanical strength of carbon membranes may be enhanced using
some fillers in the precursor [14]. The challenges experienced with
the regenerated cellulose derived CMS membranes may be
different that of other precursors. As an example, Zhang et al.
[15] have reported the excellent stability of a polyimide based
precursor for carbon hollow fiber membranes when operated over
100 bar It is hence important to remember that CMS is not a single
material but a family of materials where the achieved separation
properties may be determined by choice of precursors and
processing conditions. Detailed characterization of the CMS

membranes studied here, are more closely reported in Refs. [16-
18] using FTIR and SEM.

The principal objective of the described study is hence to obtain
a better understanding of the durability and aging of the cellulose
derived carbon membrane performance when exposed to real field
biogas and H,S. In the current work the aging effect on the
performance of CHF when stored under different conditions is also
reported, such as vacuum, open air, CO, atmosphere, dark place
and cold place (4 °C). CHF membranes were exposed to field biogas
for maximum 350days and the membrane performance was
measured before and after the exposure. Lab-scale study of
dynamic aging (membrane under controlled conditions and a
continuous gas flow through the membrane), static aging
(membrane lying inside the lab, no control of the flow) and
intermediate aging (mix of the dynamic and static aging, further
discussed below) using bore side-feed configuration is also
presented. The gas permeation results indicate that dynamic
aging under certain environments is helpful preventing the
membrane performance better than static aging.

Experimental
Carbon hollow fibers preparation

The precursor for CHF was prepared using cellulose acetate (CA,
My 100,000 from ACROS Organics Belgium) by the dry/wet phase
inversion process in a pilot scale spinning set up delivered by
Philos Korea. Process details are described elsewhere [19]. A dope
consisting of CA mixed with N-methylpyrrolidone (NMP: purity
>99.5% from Merck Norway) and polyvinylpyrrolidone (PVP: My
10,000 from Sigma Aldrich Norway) was used to spin CA hollow
fibers. CA hollow fibers were deacetylated batch-wise with a mix
solution of NaOH ( >99% from VWR Norway) in short chain alcohol.
Then deacetylated CA hollow fibers were carbonized at 550°C
under N, flow in a tubular furnace. The carbonization protocol had
a heating rate of 1°C/min with several dwells and the final
temperature of 550°C for 2h. Fig. 1 shows the schematic of
carbonization process to form carbon hollow fibers from cellulose
precursor. The detailed description of carbonization process can be
found in Ref. [20].

CHEF storage environments and conditions

The carbon fibers were stored in different environments before
mounted in a module.
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Fig. 1. Regenerated cellulose precursor to form carbon hollow fibers.
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Storage in air (ambient temperature)
Different air environments were tested at ambient temperature
(21 +£2°C):

Stored in open air inside lab.

Rolled in plain paper lying on open shelf.

Rolled in plain paper lying inside cabinet (dark place; a chemical
storage cabinet with dimension as; H: 1990 x W: 1000 x B:
435 MM)

Rolled in aluminum foil lying on open shelf.

Rolled in aluminum foil inside cabinet (dark place).

Rolled in tightly packed aluminum foil lying on open shelf.
Rolled in tightly packed aluminum foil lying under dark fume
hood.

Rolled in plain paper lying under dark fume hood.

Storage under vacuum (ambient temperature)

e Stored under vacuum lying inside ABS tube.

e Stored in vacuum bag in dark place inside cabinet.
e Stored in vacuum bag under the light.

Storage under CO, atmosphere (ambient temperature)
e Stored under CO, lying inside ABS tube.

Gas permeation experiments

Gas permeation tests in laboratory

The issues of porosity and surface polarity also come into
play when considering the orientation of the membrane in
relation to the feed stream. Generally, for the modules described
here, the gas is fed into the membrane using a shell side flow
configuration, having permeate gas coming from bore side. But
in the study of dynamic aging, feed air was transported through
the membrane using bore side feed to understand the most
influential conditions which promote aging and the most critical
time for aging depending on the environment the membrane is
exposed to.

Two identical modules (M1 and M2 with an effective area of
0.02m? for each module) were prepared and tested using a
continuous (dynamic) flow of air. The feed pressure used in this
study was slightly above atmospheric pressure (1.4 bar) at 24°C
temperature in a standard pressure-rise set up as described in Refs.
[21,22]. Permeability tests were carried out on each module
separately and were recorded at different time intervals. Each test
was carried out over a time span (650h) until linearity was
established. This ensured that the aging process continued with a
constant flow of air through the system. No other gases were tested
for these two modules.

The useful information that can be obtained from this study is a
calculation of the flow rate in accordance with the Reynolds
number (R.). Using this information, the pressure drop can also be
calculated due to a change in thickness of the boundary layer [23].
The pressure at the feed end including the pressure loss was
estimated and compared to that of the experimental feed pressure
applied to assess the pressure loss due to aging. Three different
types of pressure are considered when evaluating the estimated
feed pressure. They are the pressure loss due to sudden
contraction, i.e., the flow going from the inlet tube to the entrance
of the membrane. Secondly, the friction losses within the
membrane due to the gas flow through the fiber. Thirdly, the loss
due to the expansion from the permeate side to the atmosphere.
The estimated feed pressure at the feed side was calculated using a
Fanning-type expression [24].

Intermediate aging (aging with no feed flow). Following a period of
28days, permeation tests were conducted on Module 1 as a
function of dynamic aging. The pump was then disconnected from
the module at the feed end and the module was exposed to the
atmosphere, undergoing a period of static aging (ambient
temperature). A vacuum remained on the permeate side of the
module, to prevent the adsorption of air on the remainder of the
gas unit. Thus, this combination of dynamic and static aging was
termed intermediate aging.

Real biogas field exposures (small scale pilot plant)

Field 1 (F1). Some of the CHF membrane modules exposed to F1
were modified using chemical vapor deposition (CVD), oxidation
and reduction process. All other membrane modules studied in this
article are non-modified carbon hollow fibers prepared as
described in Section “Carbon hollow fibers preparation”. In total
31 modules of the area ranging from 0.5 to 2 m? of each module
were installed on F1 biogas plant for a period ranging from 25 to
212 days to separate biomethane from raw biogas mixture. Gas
permeation measurements were performed with pure gas (CO,
and N,) at the membrane production facility, using 5bar feed
pressure against vacuum on permeate side in ambient temperature
(closed-volume setup). These permeation tests on the membrane
module were conducted before and after the module was exposed
to biogas field, and the results were analyzed to evaluate the aging
effect of real biogas on CHF. Fig. 2 shows the process diagram of F1
and F2. F3 was similar but had no H,S removal system.

The composition of a biogas depends strongly on the substrate
type and the digestion conditions. Table 1 shows the biogas source
and contents of biogas produced on three different fields. The
biogas, in all three cases, was fully saturated with water. However,
the water was removed from the feed gas, before exposed to
membranes, to keep it below %RH of 30 which is considered as a
safe relative humidity for carbon membranes [5]. Proteins and
other sulfur containing materials produce H,S in the digestion
process which is a poisonous and corrosive gas. It was expected
that high loading of H,S may cause the chemisorption and
ultimately reduce the performance of the membrane. Therefore,
the H,S contents were reduced to <20ppm (fuel standard
requirement) in field F1 and F2. Table 1 shows the loading of
H,S in different fields and the amount of H,S exposed to the
membranes.

Field 2 and Field 3. One membrane module with an effective area
of 0.08 m?, which had been gas permeation tested for single gas
CO3, N, O, and CH, in the laboratory, was installed at F3, where the
CHF were exposed to a real biogas containing H,S from 150 to
2400 ppm. H,S concentration was varying each day depending
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Fig. 2. Biogas separation process using CHF membrane at Field 1, 2 and 3. (F3 did not
have H,S removal system).
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Table 1
Biogas source and its composition in different fields.

Biogas source Food waste F1

Food waste, fish oil F2 Sewage, municipal waste F3

Component (mole %)

Methane (CH,) 64+3 62+6 59+3
Carbon dioxide (CO,) 30-35 32-44 38-44
Nitrogen (N>) <1 <1 ca. 2
Oxygen (0,) ca. 0 ca.0 ca. 1

H,S feed loading (ppm) 150-1000 0-2000 150-2400
H,S at membrane inlet (ppm) <5 <5 150-2400
H,O0 in feed, 35°C (g/Nm?) ~32 ~32 ~32

H,0 at membrane inlet (%RH) ~20 10 ~20

upon the source of biogas in the anaerobic digester. After 30 days,
the module was brought back to the laboratory and tested for the
above-mentioned single gases and installed again at F3. After
exposure of 120 days at F3, the module was tested for single gas
and installed at F2 where less concentration of H,S (<5 ppm) was
present, as the biogas was passing through the adsorption column
containing silica gel for H,S removal. After continuous exposure of
100days at F2, the CHF membrane module was tested for single
gases in the laboratory. After the tests, it was again installed at F3
for additional 50 days for high concentration exposure of H,S. The
reason for this procedure was to understand if biogas containing
less concentration could regenerate the hollow fibers effected by
high concentration of H,S.

Difference between steel housing and ABS housing. Stainless steel
(SS)withallits advantages, is still a costly material to use commercially
inmembrane assembly. To achieve an economical solution for module
housing, Acrylonitrile Butadiene Styrene (ABS) material was used to
make a CHF module. Both SS (effective area: 0.05m?) and ABS
(effective area: 0.015m?) modules were installed at F3 for high
concentration exposure of H,S, and gas permeation tests for single
gases, CO,, N, and CH,4 were performed before and after exposure to
analyze the aging effect on membranes inside both materials.

Results and discussion
Aging under different conditions

The difficulty in carrying out any type of aging experiment on
bundles of these CHF in a module is that the membranes cannot be
tested immediately after carbonization, as the time required to
prepare the modules is a minimum of 6 h. The epoxy resin requires
this duration of time to set. Placing the module directly in the gas
testing unit under vacuum, would cause distortion of the epoxy
resin, break the seal and hence the gas would permeate through
the fibers as well as the module resulting in an inaccurate
evaluation of permeability.

The first permeation tests were thus carried out 9 days after the
CHF had been prepared. It has been reported by Menendez and
Fuertes [8] that the permeability values of carbon membranes drops
by nearly 50% after 1 day due to aging and following a certain period
of time, then the reactive sites are saturated and then permeability
remains constant. Hence, the aging reported in the current work is
investigated after an aging of 9 days. Membranes in which the
permeability varies due to severe aging, is not an option for large-
scale use. Thus, following module assembly, mounting the module
into the gas permeation unit and allowing time for a short evacuation
period, the fibers had already undergone a significant aging, and it
will be of interest if high performance can be recovered.

The aging effect on the CO, permeability of carbon membrane
stored under different conditions is shown in Fig. 3 and summary
of the results is presented in Table 2. To analyze the performance

stability of the stored CHF, the gas permeation properties were
measured systematically during this storage period. CHF after
carbonization were rolled in a plain paper and kept on an open
shelf inside the lab for all batches until the first module was
prepared and permeation test was performed. Fig. 3(a) presents
the four sets of CHF which are rolled in plain paper and then stored
at different conditions. The decline in CO, permeability is fastest
for the fibers lying on an open shelf, whereas slowest in the fibers
stored inside the cabinet, which decelerated the chemisorption
phenomena by reducing the O, supply inside the cabinet.
Apparently, membrane performance losses here are due to
chemisorption of O,, rather than other contaminants.

Fig. 3(b) shows the CO, permeability loss over time for CHF
rolled inside aluminum foil and stored under different conditions.
Coldness (4°C) was not helpful in preventing or slowing the
performance loss of the membranes. Not surprisingly, the identical
effect as Fig. 3(a) was observed for the CHF rolled in aluminum foil
and stored inside the cabinet. In all cases, membrane performance
becomes constant after all unstable sites on carbon had reacted or
stabilized by the formation of oxygen surface groups.

The storage of CHF under vacuum was helpful in keeping the
membrane performance to some extent. Fig. 3(c) illustrates the
change in CO, permeability when CHF were stored under vacuum
in different conditions. Fibers stored inside an ABS tube under
vacuum slowed down the aging effect until first 28 days and then
performance remained constant for next 32 days. First permeation
test was performed 10 days after the carbonization and then fibers
were stored under vacuum, which explains that some reactive sites
of carbon surface had formed oxygen surface groups during first
10days reducing CO, permeability from 74 to 33 Barrer, however
applying vacuum helped in slowing down and further preventing
chemisorption of O,, when stored inside ABS tube. CHF stored in
vacuum bag did not help to prevent the aging and that was due to
small leakages present in vacuum bags. Fig. 3(d) shows the aging
comparison for CHF stored under CO, atmosphere and in open air.
It was observed that fibers stored under CO, environment lost the
performance faster than fibers stored under open air inside the lab.
Hayashi et al. [25] reported a membrane carbonized at 700 °C and
they studied the stability of membrane in air at 100 °C for 30 days.
They observed that permeances decreased in the initial stage of the
oxidation but were regenerated by a post-heat-treatment at 600 °C
for 1-4h. Lagorsse et al. [9] studied the effect of air on CMS
membrane and reported that the formation of new constrictions
arising from chemisorption of oxygen had a noticeable influence
on penetrants with critical dimensions close to the critical pore
size resulting in higher loss of the N, permeance as compared to
CO, and similar behavior was observed in this study.

Dynamic, intermediate and static aging

The aim of this study was to understand the aging phenomena
when membranes are lying under ambient environment (air). The
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Fig. 3. Storage of CHF under different environments.

more focus of the work was about the collective permeance of air
through the membrane. The individual O, and N, permeabilities
were not measured in these experiments. In Fig. 4, the scatter plot
is to show the trend of air permeability through the membrane.
The results showed that both modules are following the same
trend.

The slope for aging is hard to define as many variables are
involved here. The degree of freedom can be reduced by controlled
environment as in dynamic aging in this study. With bore feed
orientation as depicted from the graph in Fig. 4, there is only a
slight change in permeability over a time of 650h. The slight
changes between each module are most likely attributed to the

variation in fiber diameter and hence wall thickness, as slight
variations in the pre-treatment stages can result in variations of
the membrane permeability. It is evident that there is no decrease
in permeability, indicating that this dynamic source of air has an
inhibitory effect on aging. Following, approximately 100 h of aging,
there is an increase in permeability and after 200 h of aging, there
is a stabilization period, in which the permeability remains within
arange of 50-60 Barrer. The air flow under controlled environment
had a regenerative effect on the membranes to restore the
permeability which was lost due to physical aging (narrowing of
pores due to matrix shrinkage and/or pore clogging caused by dust
and moist) during first nine days until the module was prepared

Table 2

Effect of storage conditions and storage time on CO, permeability of regenerated cellulose-based CFM.
Storage conditions Duration (days) CO, permeability loss (%) Fig. no.
Rolled in plain paper
On shelf 42 98.5 3(a)
Inside cabinet 50 935 3(a)
Under fume hood in darkness 68 99.7 3(a)
Rolled in aluminum foil
On shelf 70 96.9 3(b)
Inside cabinet 42 85.1 3(b)
Under fume hood in darkness 68 914 3(b)
Inside fridge (4°C) 21 66.7 3(b)
Under vacuum
In Vacuum bag inside cabinet 56 88.0 3(c)
In ABS tube under vacuum 56 55.4 3(c)
In vacuum bag under light 26 91.2 3(c)
Under CO; at 1bar 23 86.0 3(d)
Open air inside lab 37 96.0 3(d)
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Fig. 4. Permeability values for air as a function of time (dynamic aging). Two similar
modules were tested to ensure validity of the study.

and installed for testing. Some studies have shown that high
fractional free volume polymer precursor based carbon mem-
branes may change pore structure due to physical aging, like glassy
polymer membranes [6,26]. After recovering the permeability,
controlled environment helped to keep it at a constant value.
Physical aging at this point would be considered zero in this case.
The rate of physical aging depends on the ratio of the driving force,
i.e. the displacement of the specific volume from its equilibrium
value, and the relaxation time for the sample, which is a function of
temperature and the material’s current free volume state.

As shown in Fig. 5, there was no significant change in
permeability over an 11-day period following a 27-day period of
dynamic aging. The temperature was then monitored and recorded
in accordance with the room temperature (22-25 °C) at the time of
each experiment. From the presented results in Fig. 5, it can be seen
that the dynamic atmosphere had an inhibitory effect on the aging
process.

Pressure drop calculations

Given the similarity in velocity and inner diameters of both
Module 1 and 2, the Reynolds number of 423 and 442 were
evaluated respectively, which shows that flow is laminar [27].

The quantified pressure values at various points of the
membrane are correlated to give Ap? in Pa?, as shown in Table 3.
From the data shown in Table 3, it is evident that the estimated
feed pressures, pes;, of 1.35 x 10° and 1.38 x 10° Pa are within close

Table 3

Data correlating the pressures at various sections of the membrane. These values
have been used to estimate the feed pressure, pess and compared with the
experimental feed pressure, pexp.

Module Ap” (Pa%) Ap (Pa) Pest (Pa) Pexp (Pa)
1 8.35x10° 9.14 x 10* 1.35x10° 1.40 x 10°
2 9.16 x 10° 9.57 x 10* 138 x 10° 1.40 x 10°

range of the experimental feed pressures, pexp, of 1.40 x 10° Pa for
Module 1 and 2, respectively. This indicates that the flow rate is
maintained and the accumulation of a boundary layer due to
adsorption of molecules such as O, present in the air flow is
minimized. Hence, aging of the membrane is reduced using this
type of flow system.

Static study

Fig. 6 illustrates the data recorded for the static aging
experiment. The first permeation test was not carried out until
9days of aging had occurred. As mentioned earlier, during module
assembly, mounting the module into the gas permeation unit and
allowing time for a short evacuation period, the fibers had
undergone a significant aging. CHF used to prepare this module,
Module 3, were prepared from the same batch as those used in
Module 1 and 2, and thus were expected to have similar
performance. Fibers were stored in the lab environment all the
time.

As depicted in Fig. 6, the permeability of Module 3 decreased
exponentially as fibers underwent a further period of aging
between day 10 and day 141. However, from day 41 to day 141, the
change in permeability remained very small. The relatively small
fluctuation in permeability from day 41 to 141 indicates that the
largest effect of aging had occurred, and the permeability was
relatively stable for this membrane after day 41.

Analysis of the changes in permeability from day 41 to day 141
appears quite similar for the membranes exposed to intermediate
aging followed by static aging. However, the average decrease in
permeability from day 1 for the module that is exposed to the only
static environment is hard to determine from the slope of
permeability as a function of time, as shown in Fig. 6. Only a
good enough estimation can be made by considering the slope
from day 41 to 141. But that estimation is not good enough to
understand the life expectancy of the membrane. From the Figs. 5
and 6, apparently, it can be expected that the membranes exposed
to the static environment are aging at a rate faster than those
previously exposed to a dynamic air supply and then to a static
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Fig. 5. Permeability values of air as a function of time for Module 1 containing
carbon membranes previously used in the dynamic aging study.

1.2
=
3
z 104 =
3
[
5}
E
o
Q 0.8+
£
o
=)
[=4
©
S LI |
o 06
2 ]
k]
(7} n
['4
04 T T T T T T T
1 20 40 60 80 100 120 140 150
Time (days)

Fig. 6. Permeability data plotted as a function of time, for the static aging study.



S. Haider et al./Journal of Industrial and Engineering Chemistry 70 (2019) 363-371 369

environment. Hence, this confirms the positive effect that a
dynamic air source has on slowing down the aging process.
However, as mentioned previously, in order for this to be a viable
process for industry, the process of aging should be kept to a
minimum. Although a dynamic air flow has this effect, financially,
the cost of this process should be evaluated before applying it at
large scale.

Real biogas exposure

This chapter presents the results of exposing the carbon
membranes to biogas from three different plants F1-F3.

Exposure to F1

Table S1 in supporting information summarizes the permeabil-
ity loss of CO, and N, after CHF exposed to real biogas with H,S
<5ppm. It can be seen in Fig. 7 and table S1 in supporting
information that most of the modules lost CO, permeability in the
range of 20-50%, even though the exposure time for these modules
is varying from 25-210days. It explains that after oxygen
adsorption (whether during module preparation or in a later
stage) CHF start stabilizing without further loss in performance.
Membrane modules showing 20% loss after 210 days may have lost
the performance already and close to saturation point before they
were tested the first time for gas permeation.

Exposure to F2 and F3

Fig. 8shows the change in permeability of N,, CO,, CH4 and O,
with the time for CHF exposed to F2 (H,S: <5 ppm) and F3 (H,S:
150-2400 ppm). Results indicate that after 30 days with high H»S
concentration, CHF lost 22% CH, permeability, however, CO,
permeability increased resulting in good membrane performance
for CO,-CH,4 separation, and so did increase the O, and N,
permeabilities. It can be speculated that CH4 molecules filled the
carbon micropores and prevented the access to oxygen, thus
resulting in enhanced performance of the membrane. However,
after four months with a high concentration of H,S, CHF showed
degraded performance with 70% loss in CO, permeability, which
may be the result of micropore blockage. Adsorption onto activated
carbon is one of the methods that is used to clean the biogas when
pressure swing adsorption (PSA) is used to upgrade the biogas. The
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Fig. 8. Relative change in permeability of N, CO,, O, and CH4 when CHF are
exposed to high H,S concentration.

reason for decreased performance of carbon membrane at F2 may
be the high loading and adsorption of H,S on carbon. Consequently,
regeneration of carbon membrane is needed to restore the lost
performance. The membrane module was then installed at F2 with
low H,S for regeneration and it was observed that after 100 days
exposure, membrane recovered 40% CO, permeability without any
extra regeneration treatment. O, N, and CH4 permeabilities were
also increased. Again, exposure of 50 days at F3 showed no effect
on CO, permeability, whereas N, and CH4 permeabilities were
decreased. O, permeation was not measured for the final
experiment. It can be assessed from the exposure at F2 and F3,
that high H,S concentration reduced the membrane performance,
but in some way, membrane regenerated itself to some extent
under real biogas conditions. CHF membranes need to be
regenerated during separation process and this extra step adds
complexity and cost to the process. Anderson et al. [12] have
reported the effect of H,S on polyfurfuryl alcohol based carbon
membranes. The PFA based carbon membranes showed that CO,
permeance was reduced by 7% in the presence of H,S (partial
pressure: 0.3 kPa) in the feed when membrane was performing at
35°C for almost 5 h. The loss in CO,/N; selectivity was only 2%.
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Fig. 7. Percent loss in CO, permeability for different CHF modules in different exposure time at F1.
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A non-adsorbable gas like H, or He could be used in purging the
membrane for removal of contaminants, but this is adding cost and
extra line to the process for the treatment. Another alternative is
N,, however in ultra-microporous membranes, the Kinetics of
transport of N, may be too slow and if separation application does
not involve N, then nitrogen itself will constitute a contaminant
that could take a couple of hours to leave the pore structure of the
membrane [9]. The objective of this purging study by exposing
membrane to real biogas stream with high and low H,S
concentration was to regenerate and clean the membrane by
removing contaminants adsorbed physically. Thus, the additional
cost could be avoided in the industrial application of carbon
membranes.

Effect of module material housing

As mentioned earlier, the focus of this study is to make the CHF
membranes viable and economical for industrial applications. The
exposure to high H,S concentration was to understand if CHF can
survive this harsh condition and H,S removal unit could be used
after membrane separation, which would reduce the cost of the
unit because of less gas flow on retentate as compared to feed flow.
The intention to study the SS housing and ABS housing was
primarily to understand the effect of H,S and aging of the
membrane and finally to reduce the cost of the module. Biogas
primarily deals with CO,-CH,4 separation, but before the gas is
exposed to the membrane, pretreatment is performed to remove
impurities like H,S and water. The same task is performed for
natural gas separation, so research published on natural gas
upgrading can also be applied to biogas upgrading. Schell et al. [28]
studied a process for biogas treatment using cellulose acetate
spiral-wound membranes for 18 months and reported that no
significant differences were seen between the permeation of
landfill gas with and without pretreatment, however, the authors
suggested that gas pretreatment could prolong the service lifetime
of membranes.

The internal corrosion of carbon steel in the presence of
hydrogen sulfide represents a significant problem for both oil
refineries and natural gas treatment facilities. Surface scale
formation is one of the important factors governing the corrosion
rate. The scale growth depends primarily on the kinetics of scale
formation which is proportional to the sulfide concentration.

One module with SS-housing and one with ABS-housing were
installed at F3 with high H,S concentration and single gas
permeation tests were performed in the lab afterwards. Fig. 9 shows
the SS-module and single gas permeationresults for N», CO, and CHa.
Both N, and CO, were stable for the first 20days and then N,
permeability started increasing, whereas CO, remained almost
constant for first two months. CH,4 permeability increased 2.4 times
within first 24 h and results were same even after 18 days before it
dropped very quickly in the next 10 days. The reason for the loss in
CH,4 permeability may be the pore clogging with H,S and CO,. Only
CO, was tested after 30 days and it can be seen that CO, permeability
started declining after two months of exposure at F3 until the
membrane lost 90% of CO, permeability in 350 days. In comparison
with Fig. 8, here the membrane module is exposed to only high H,S
concentration so more chances of pore clogging which resulted in
90% loss of CO, permeability. However, in Fig. 8, exposure to F2 with
low H,S concentration had a regenerative effect on the membrane
and CO, permeability loss was 25% after 260 days.

Fig. 10 presents the effect of ABS-housing and results for single
gas permeation are very like Fig. 9 except CH4 permeability, which
seems declining slower in the case of ABS-housing. The reason
expected here could be the H,S concentration varying every day on
biogas field F3 (150-2400 ppm). So, the physical aging (clogged
micro pores) effect was slightly different for both modules. Results
from Figs. 9 and 10 show that ABS-housing has the same effect as
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Fig. 9. Single gas permeability for CHF in a stainless-steel module housing.
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Fig. 10. Single gas permeability for CHF in ABS module housing.

SS-housing and it could be used for making modules of CHF. If CHF
module needs to be modified with heat treatment processes like
thermal regeneration or CVD for pore tailoring, then temperature
limitations for ABS-housing and sealing epoxy should be mea-
sured. However, ABS housing is suitable for electrothermal
regeneration since ABS is non-conductive.

Conclusions

Regenerated cellulose based carbon hollow fibers CHF were
stored under different environments. Membranes stored in lab
condition and CO, atmosphere lost the CO, permeability by more
than 80% within the first 30 days. CHF stored in ABS tube under
vacuum were stable after losing 65% CO, permeability in one
month, and fibers lost their permeability very fast when stored in
air at low temperature (4°C).

Dynamic aging, as defined earlier “aging under controlled
environment and continuous gas flow through the membrane”,
had a promising regenerative effect on the membranes to recover
some permeability. The fibers which underwent dynamic aging
were not susceptible to static aging anymore. They showed the
same performance even after 128days when stored in the
laboratory environment. In total, 31 modules of area 0.5-2m?
for each module were used to separate biogas in actual biogas field
for days ranging from 25 to 212. Most of these modules lost 40%
permeability of CO, within a few days after installation and were
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stable afterwards. CHF were mechanically stable at 20 bar in real
industrial conditions.

Further real gas exposure was performed in two biogas fields by
exposing CHF to the H,S in the sequence high-low-high
concentrations. Adsorption of H,S on carbon membrane may
significantly reduce the performance over time. It was observed
that the membranes installed at high H,S (150-2400ppm)
concentration lost CO, permeability by up to 65% in 125 days,
and 55% of this lost permeability was regenerated by exposing
membrane to a biogas field with low H,S (<5 ppm) concentration
for 100days. When this membrane was installed again on high
concentration field, the CO, permeability was stable for the next
50 days. The biogas-field results showed that high loadings of H,S
increase the aging effect on carbon membranes. Hence, the pre-
treatment of biogas is required to bring down the H,S contents
before the upgrading process.

However, it is important to note that aging behavior of carbon
membranes may depend on the precursor and the manufacturing
conditions used. Carbon membranes with e.g. different structure
and surface chemistry will behave differently as shown by other
researchers. Thus, it would be useful in the future study to do a
direct comparison of carbon molecular membranes from different
precursors and manufacturing conditions to better understand the
behavior of CMS in biogas application.

Module casing, SS-housing or ABS-housing did not affect the
membrane performance significantly. If CHF module needs to be
modified with heat treatment processes like thermal regeneration
or CVD for pore tailoring, then temperature limitations for ABS-
housing and sealing epoxy should be measured. However, ABS
housing is suitable for electrothermal regeneration since ABS is
non-conductive.
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ARTICLE INFO ABSTRACT

Carbon hollow fibers (CHF) were fabricated by carbonization of deacetylated cellulose acetate precursor. To
enhance membrane permeation properties, pore structure was tailored by means of an oxidation and reduction
process followed by chemical vapor deposition with propene. Permeation properties using shell-side feed con-
figuration of 70 modules (0.2-2 m?) for both CHF and modified carbon hollow fibers (MCHF) were investigated
for single gases, N, and CO, at high pressure (2-70 bar feed vs 0.05-1 bar permeate pressure) and temperature
from 25-120 °C. Maximum CO, permeance value for a MCHF module was recorded 50,000 times higher as
compared to prior modification, and CO,/Nj selectivity was improved 41 times in comparison with CHF for the
same module. Results indicated that carbon membranes are hardly effected by high pressure, but significant drop
in CO, permeability was observed at elevated temperature. Simulations of CO,/CH, separation by MCHF and
polymeric membranes were conducted based on Aspen Hysys® integrated with ChemBrane, and the process was
optimized for cost calculation based on membrane area and compression energy. Simulation results indicated
that the required separation can be achieved by a single stage process for MCHF, while a two-stage process is

Keywords:

Carbon membrane
Pore tailoring

Module construction
Thermal expansion
Membrane simulations

needed for the polymeric membranes.

1. Introduction

Methane is the main component of natural gas which also contains
undesired components, such as CO,, H,0O, N, and H,S. The removal of
these impurities is vital to meet the pipeline specification, and for this
application the membranes fit well to selectively separate out CO, from
the high-pressure gas mixture. This separation is the focus of this work.
The demand for natural gas demand has increased by around 2.7% per
year over the last decade with a total consumption of 3.47 trillion cubic
meters in 2015, and this consumption drives a worldwide market of
over $5 billion per year for new natural gas separation equipments. The
market for gas separation membranes is expected to grow from US$ 150
million in 2002 to around US$ 750 million in 2020 [1-3].

The CO, needs to be separated to meet pipeline specifications (< 2%)
as it is corrosive, reduces the calorific value of natural gas and increases
compression cost for transport of the gas [4]. Amine absorption is con-
sidered the most mature technique to separate out CO,, but the limitation
of regular maintenance and continuous operator care hinder the use of
amine absorber-strippers at distant locations [5]. Membrane separation
has advantages like the compact modular design, simple operation, small
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footprints, low capital and operational cost, environmentally friendliness
and easy maintenance [3]. However, membrane processes have < 5% of
the natural gas sweetening market, as this technology is still facing
challenges to overcome the plasticization and degradation of the mem-
brane (caused by H,O, CO,, C44 hydrocarbons and aromatic com-
pounds). There is a further limitation of the membranes to process small/
medium gas flows (< 50,000 Nm>/h) [4,6]. The natural gas stream is
typically treated at their elevated pressure of 30-60 bar and may also
contain impurities like mist of higher hydrocarbons and fine particles
that can easily deposit on the membrane surface. Most of the commer-
cially available membranes are polymeric and some of these membranes
have shown high performance for CO,/CH, separation, but high-pressure
separations are still a challenge as these membranes are plasticized under
high pressure or high CO, concentration operations, and there are more
chances of elevating market shares if other membrane materials are
commercially produced [4-9].

Inorganic membranes with excellent thermal and chemical sta-
bilities have been reported by many researchers. Particularly,
carbon membranes have shown higher permeability and selectivities
than commercially available polymeric membranes and have
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advantages in high pressure and temperature applications
[8,10-14]. Permeation through carbon membranes is accomplished
by the adsorption of gas molecules and activated transport through
selective pore openings.

The increase in performance (permeability and selectivity of a
preferred gas) of the membrane cuts the capital cost, as less area is
required to treat the same volume of gas. Numerous methods are being
used to enhance the performance of carbon membranes and most of
them involve changing precursor, precursor geometry, and pyrolysis
conditions. Variations in these factors offer desirable carbon mem-
brane morphology and tailored microstructure resulting in desired
permeation properties [15-23]. A recent study has reported CO,/CH,4
pure gas selectivity of 204 (CO, permeability of 83.1 Barrer) using
PBI/Kapton as precursor [13]. Very limited data is available about the
pore tailoring method after the pyrolysis. The CO, permeance of 0.021
(m3(STP)/m? bar h) and CO,/CH, selectivity of 246, improved by
pore tailoring technique of previously pyrolyzed hollow fibers has
been reported [10].

The objective of this work is to explore the potential applicability of
carbon hollow fibres (CHF) membranes at elevated pressure and tem-
perature. Additionally, membrane pore tailoring was performed by
using CVD and thermal treatment to obtain optimum selectivity and
improved performance of previously pyrolyzed fibers. Despite high
performance and mechanical stability of carbon hollow fiber mem-
branes at high pressure and temperature, limited research has been
done on this topic [24-27]. These authors [14] performed high pressure
(70 bar) experiments with a CO,-CH, mixture, and they showed that
carbon membranes offer selectivity and mechanical stability also at this
pressure. Kruse et al. [28] have recently reported high pressure testing
of carbon tubular membranes at 200 bar for a binary mixture of CO,
with O,, N, or He which showed promising results for high pressure and
high temperature applications.

This research work addresses the comparison of the CHF perfor-
mance with the performance of modified carbon hollow fibers (MCHF).
The permeation properties of MCHF were enhanced by changing the
pore geometry using oxidation, chemical vapor deposition (CVD) and
reduction processes. Furthermore, module construction process for high
pressure-temperature applications is reported in the current work.
These modules were tested to separate CO, at high pressure and ele-
vated temperature. Finally, simulations were performed and discussed
to estimate the economics of membrane process in natural gas separa-
tion application. The CHF were synthesized at a pilot scale plant using
regenerated cellulose precursor, pyrolyzed in presence of N, at 550 °C,
and the membrane modules were tested at a maximum pressure of
70 bar and maximum a temperature of 120 °C in order to study the
effect on membrane performance and durability of both fibers and
potting material. Further, some experiments were performed to un-
derstand the bore side feed configuration effect and the burst pressure
for the carbon hollow fibers. Burst pressure value for the MCHF was
calculated as 700 bar using Barlow‘s equation (based on the measured
tensile strength of the MCHF).

2. Experimental
2.1. Materials

Acros Organics (Belgium) supplied cellulose acetate (CA: M,
100,000) and 1-Methyl-2-pyrrolidone (NMP: Mw  99.13).
Polyvinylpyrrolidone (PVP: M,, 10,000) was purchased from Sigma
Aldrich (Norway). Ionic exchanged water was used for coagulation.
Epoxy for module construction was received from Loctite (Norway).
Steel piping was obtained from Brgdrene Dahl, Norway. Steel housing
and flanges were specially designed by MemfoACT AS. Gas cylinders for
permeation testing were purchased from Yara Praxair: 99.96% purity
for single gases (Norway).
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2.2. Preparation of carbon hollow fibers

The carbon hollow fiber membrane which was investigated is a
semi-commercial membrane, produced by MemfoACT AS (Norway), a
company which has now closed down. The average pore size of the
membrane is about 4 A. The precursor is CA which is mixed with NMP
and PVP to make dope solution. CA hollow fibers were synthesized
using the dry-wet spinning process at a commercial scale plant, deliv-
ered by Philos, Korea. The prepared hollow fibers were then treated
with NaOH for deacetylation. Then a tubular furnace (Carbolite”) was
used to carbonize the deacetylated fibers. Procedure details for the
production can be found in the patent by Hagg and Lie [29]. The pro-
tocol was optimized with respect to mechanical properties of the carbon
membranes and its separation properties.

2.3. Construction of high-pressure CHF module

This chapter provides details on module construction, choice of
epoxy, repair of broken fibers inside a module, and finally gas separa-
tion testing which is the ultimate quality control.

2.3.1. Potting/Sealing

Membrane modules were constructed using up to 3000 carbon
hollow fibers with outer diameter between 0.15 and 0.25 mm. The
length of the finished module was 800 mm. Manually sorted fibers
were bundled loosely with wool thread so that fibers are held together
while inserting in the stainless-steel tube as shown in Fig. 1(a). The
outer diameter of the SS-pipe was 32 mm with 1.5 mm of wall thick-
ness. Edges of the tube were trimmed to smoothen the surface so that
the small ending parts/end plug (named smart plugs here, see Fig. 1(b
and e)) can be glued on. Then the fiber bundle was carefully pulled
through the tube and a thread was tied onto the section of the bundle
facing up. Then a piece of duct tape was placed on the bottom side as
shown in Fig. 1(b). The module side with dead end fibers (1 b) was
first exposed to extra fast curing adhesive (Loctite 9455) for fiber ends
clogging, so that the sealing glue (Loctite 9483) was not sucked into
the fibers. The fibers in the module was adjusted to be freely sus-
pended inside the module (not touching the duct tape in the bottom
facing smart plug). The module was fixed vertically in a clamp and
glued by filling adhesive in the right amount to achieve a hermetic
sealing. A period of 24 hrs was required for the glue to fully cure at
room temperature. However, three hours were sufficient to turn the
module upside down and glued the other end. A plastic cup with the
same diameter as the steel tube was used to prepare a glue plug with a
significant length of fibers suspended within the plug. Loctite 9483
was filled through the holes in the smart plug until glue reached the
gas holes. Fig. 1(d) presents the specially designed smart plug used on
“open endings” side of the fibers and a glue plug with fiber endings
(white dots) is shown on the top.

When sealing is cured after 24 h at room temperature, hack saw,
chisel together with rubber hammer was used to open the fiber endings
on the top side of the module. After opening all fibers, modules were
tested for any leakage.

2.3.2. Selective clogging

CHF were quality controlled after carbonization regarding
straightness, length and broken fibres by hand sorting and throwing
away all broken, too short, collapsed and fused fibres. However, it is not
attainable, at least currently to prevent some broken or damaged fibres
to remain in the fibre bundle when the membrane package in Fig. 1(a)
is produced. This leads to a bundle consisting of three principal fibre
types (good fibres, broken fibres, and surface damaged fibres) randomly
distributed. It has been investigated, the possibility of using what is
known as selective clogging of faulty fibres. The idea of this process is
reported elsewhere [30], however, the procedure was developed at
MemfoACT. The outline of this process is indicated in Fig. 2.
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Fig. 1. CHF module construction process, (a) CHF loosely
bundled with thread, (b) smart plug and dead end potting,
(c) filling glue on top end of the fibers (d) Open end fibers
and smart plug (e) Module ready for testing broken or da-
maged fibers.

The membrane package is partly mounted into a pressure vessel in
such a manner that the fibre end is exposed to the surroundings. By
applying vacuum to the outer surface of the fibre, the lift flow force in
the failed fibre types can easily be estimated using the Hagen Poiseuille
equation (Eq. (1)) if surface effects are ignored. However, the inner
fibre diameter is only 0.19 mm (190 um) so the capillary forces can
most likely not be ignored, and the capillary rise (or lowering) is esti-
mated via the Pascal equation (Eq. (2)), which requires knowledge
about both surface tension of glue on carbon (our carbon consists of
randomly oriented graphene sheets).

= = Api¢ X = \/ Apﬁ

8nx 8n [€))
where x is the penetration height, AP is the pressure difference
(~1 bar), r is the internal radius of the fibre (95 um), t is the time the
pressure works (approximated as the pot life of the glue) and 1 is the
viscosity of the liquid mixed glue.

‘= 2g. cos@
r.p.y 2)

(a) (b)
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Fig. 2. (a) Membrane Package, (b) Selective clogging of
failed fibers in membrane package.
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where vy is the surface tension of glue on carbon, 0 is contact angle
between glue and carbon, p is density of glue, g is the acceleration of
gravity.

As shown in Fig. 2, fibres marked as blue are good fibres, yellow are
broken fibres, green colour represents the surface damaged fibres, and
grey colour is showing clogged fibres after selective clogging process.
Loctite 9492 and 9484 was used for selective clogging. As shown in
Fig. 2(b), the membrane module was clamped in upside down position.
The glue was mixed in a pot and kept under the module in such a way
that the fibre endings from the glue plug of the module are dipped in it.
Now apply the vacuum for 1-2 minutes so that the required penetration
is achieved and let it cure. Then cut the glue plug up to 3-5 cm in length
depending upon the glue type. The glue types used here have the pe-
netration rise in this range for the good fibres. Now all the broken fibres
are clogged because these fibres have maximum penetration rise. It is
difficult to estimate the exact penetration rise for the surface damaged
fibres. In practice, only 30-40% surface damaged fibres were clogged
by selective clogging process. Therefore, manual clogging was done to
identify and block the remaining damaged fibres. For the manual
clogging, the module was clamped facing open fibres endings in upward
direction. Slight over pressure than atmospheric pressure was applied
instead of vacuum. Then soap or thin layer of liquid water was poured
on the glue plug to identify the fibres with fastest flow (making the
bubbles faster). Using magnifying glass, the fibres with fastest gas flow
were marked with a coloured marker. Now wipe the liquid and apply
the vacuum again before using some instant glue (Loctite 3040 here) on
marked fibres. In case of manual clogging (dark grey fibres), more than
one fibre (including good fibres) is blocked while clogging the one
defected fibre as fibres are packed closely together. Therefore, this
process reduces the membrane effective area as well.

Several glue types were tested for selective clogging application by
studying both self-penetration of glue and forced penetration (under
vacuum). Some of the glues are shown in table 1. It was determined that
the requirements for a suitable glue that could be used for selective
clogging are as follows in prioritized order:

Ju—

. The glue must have an overall forced penetration height of about
10 cm.

The capillary rise alone must not be more than 1 cm.

3. The glue should cure into a solid plug inside the fibres (not form a
gel, or plastic/ rubber).

Preferably cure within an hour (at least enough to be removed from
the vacuum)

For analytical purposes, it is an advantage that the glue has a colour
other than clear or black.

N

>

o

2.3.3. Permeation testing
For the permeation experiments discussed here, CHF modules were

Table 1
Types of glue tested for selective clogging.

Glue type  Viscosity” Pot life”  Estimated Measured Measured
viscous penetration capillary rise”
height

[Loctite] [Pa s] [s] (Eq. (1)) total [mm] [mm]
[mm]

3430 23 600 77 45 0

9466 35 3600 152 50 0

9455 5 420 138 90 3

9483 7 3600 341 > 140 18

3421 95 9000 146 > 100 4

9484 110 2400 70 50 0

9464 97 2000 68 20 0

9492 50 900 63 30 0

@ The zero values can indicate capillary lowering due to a non-wetting glue (6 > 90°).
® provided by suppliers
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tested in a pilot scale temperature and pressure rise permeation system
with shell side feed configuration. The system was constructed to tol-
erate high pressure single gas tests (CO,, Na, O2). The mass transport
properties of CHF were measured with the single pure gases CO, and N,
at different feed pressure and experiments were carried out with no
sweep on the permeate side. He et al. [31] has performed the mixed gas
experiments on carbon membrane (prepared with alike protocol) and
results showed that the membrane performance for CO, separation is
the same or even higher in some cases for mixed gas as compared to
single gas separation. Due to fire hazard limitations, CH, was not tested
at the membrane production facility, only in a dedicated field. There-
fore, the values for CH, gas are estimated values (selectivity o CO»/
CH,4 = 3-a COy/N5), as shown in table 2.

The performance of the membrane was evaluated by measuring the
CO, permeance in [m*(STP)/ (m? h'bar)] and CO,/N, selectivities ()
using equations (3) and (4). A high-pressure vessel used for permeation
tests is shown in Fig. 3. The tests were run from several hours to several
days, to ensure that the transient phase of diffusion was passed and
steady state obtained (dp/dt tends to a constant). The gas permeance, P
[m>3(STP)/ (m*h-bar)] was evaluated using the Eq. (3).

_9.824. V-(dp/dt)
T APAT, 3)

Here, V is the permeate side volume (cm®) that can be measured
with a pre-calibrated permeation cell reported elsewhere [34,35].
However, the permeate side volume for this study was estimated by the
tube length and cylinder volume on the permeate side. dp/dt and A are
the collection volume pressure increase rate (mbar/s) and total active
area of membrane (cm?) respectively, AP (bar) the pressure head and
Texp (K) is the temperature for experiment. The ideal selectivity was
defined as the ratio of the pure gas permeances as shown in Eq. (4).

Pa
XA/B = o~

Py [©)]

2.4. Pore size adjustment

The CHF modules after permeation tests were modified to enhance
the membrane performance. For this purpose, modules were installed in
a custom designed rig to allow the potting material (temperature lim-
itations) to remain outside the heated area, with integrated external
cooling of the potting during the process. The Fig. 4 illustrates the steps
followed in this work, as also explained in the patent held by Soffer
et al. [30].

The virgin carbon will most likely have too narrow pores to yield a
feasible permeability, and the whole membrane wall thickness is ex-
pected to contribute to mass transfer resistance. Thus, the overall per-
meance of the carbon is infeasible low for practical usage. Due to the
narrow pores, the selectivity is expected to be high (i.e. the selectivity
of CO, over methane is normally more than 100)

A mild oxidation in synthetic air at about 300 °C for a defined time
will cause the pores to widen. The internal pore surface of the carbon is
now obviously in a highly-activated condition, and will most likely
exhibit a rapid clogging if exposed to water or any other hydrogen
bonding molecules. (The carbon in this condition is surface wise like a
process aged carbon. Hence, this and the following steps might also be
modified to be a regeneration technique for the degenerated modules.
The process is normally referred to as thermal regeneration)

The surface is deactivated using hydrogen at ca 500 °C, which will
widen the pores slightly more. The permeance of the carbon is now
significantly increased (normally, several orders of magnitude higher)
and the selectivity is now expected to approach unity.

Chemical vapor deposition (CVD) using propene for a short time
will cause a new layer of carbon to be generated on all accessible sur-
faces. The thickness of this layer is a strong function of reaction time
and hence a thin layer of new virgin carbon with calculable thickness is
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Table 2

Membrane permeances and selectivities used in this work.

Separation and Purification Technology 190 (2018) 177-189

Membrane type Permeance, (m>(STP)/(m? h bar)) [GPU‘] Selectivity Wall thickness (um) Ref.

CO, CH,4 CO,/CH4
CHF* 4.14E-07 [1.51E-04] 6.89E-08 [2.52E-05] 6 41 This work
MCHF" 2.12E-02 [7.748] 8.53E-05 [3.12E-02] 249 41 This work
Polyimide 5.60E-02 [20.46] 1.70E-03 [6.21E-01] 33 125 [32]
CA 1.40E-01 [50.12] 9.10E-03 [3.326] 15 130 [3,33]

@ carbon hollow fibers without pore tailoring/modification.

b carbon hollow fibers after pore tailoring process
€1 GPU = 2.736E-03 (m*(STP)/(m* h bar))

-

I Feed gas

Fig. 3. Membrane module in high pressure vessel for per-
meation testing.

Permeate

achieved. This will lead to a decrease in flux and an increase in se-
lectivity. Subsequent post oxidation and reduction may be needed to
achieve the desired transport properties for the membrane module.

In this study, the post oxidation has been scrutinized, applying the
concept of full factorial experimental design to investigate the influence
of air pressure, air flow and reaction time. The design consisted of two
levels and two replicas for the three parameters, in total 16 tests.
Reaction time was 15-90 min, pressure difference over membrane was
1bar against vacuum and 1.4bar against vacuum, and airflow

1.5-121/h as shown in table 3.

2.4.1. Procedure for pore tailoring process

Fig. 5 presents the set-up used for post oxidation-reduction and CVD
process. The module was connected within the furnace, in a way that

Carbon

a10]

Oxidation

process

4

Reduction

process

CVD

coating

'———

Repetition of oxidation

v
0 2 o o o o o 2 o 2 000 oo aa

& reduction process

Fig. 4. Steps followed for pore tailoring of CHF.
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the sealing glue is kept outside the oven as shown in Fig. 5. Glue cannot
withstand temperature above 150 °C, therefore it was kept cold by
chilled water. An insulation between furnace and heat exchanger was
also applied. Then module and lines connected to the module were
evacuated using vacuum pump down to 50 mbar. To start first post-
oxidation, the gas (synthetic air) bottle was opened and pressure/flow
values were adjusted per protocol (e.g. 1 bar and 10 ml/min). The oven
was programmed for the protocol (e.g. 4 °C/min to 300 °C, dwell
180 min, cooling) and turned on. When the temperature in the cooling
sequence is below 100 °C, the vacuum pump was switched off and the
gas supply was stopped. Now 2°¢ heating sequence was started using Ny
atmosphere using same protocol until it reached 500 °C, then switched
the gas to H for first post-reduction process and kept for 30 min. After
post-reduction, CVD was started using propene gas and then the cooling
process was initiated swapping again to N, until the temperature goes
down to 300 °C for the 2™ post-oxidation process as shown in table 3.
The module can be removed from the oven when the temperature is
below 40 °C.

Table 3
Parameters used for Post Oxidation-reduction and CVD process.

Gas type Heating rate * Pressure ” Gas flow ”  Duration
/Temperature (bar) (1/hr) (min)

Heating 1

Synthetic air” 4 °C/min 1.4 bar <1 b

Postoxidation 1

0, (20%)" 300°C 1.4 bar <1 b

Heating 2

N,* 4°C/min 1.5 bar <1 b

Postreduction 1

Hy* 500 °C 1.4 bar <1 30"

CVD

Propene® 500 °C 1.1 bar 1.5-12 b

Cooling 1

Ny' 1.2 bar <1 b

Postoxidation 2

0, (20%)" 300 °C 1 bar <1 b

Heating 3

N,* 4 °C/min <1 b

Postreduction 2

Hy* 500 °C <1 30"

? Fixed parameter.
® varying parameter.
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Ventilation

Insulation

Oven

Cold water

Cold water

-

Fig. 5. Post oxidation and CVD process.

3. Simulation basis and process conditions

The following basis and assumptions were used to simulate the
membrane process performance:

e Countercurrent gas transportation without sweep on permeate side
has been used in all hollow fibre membrane modules.

e Membrane simulation model (Chembrane) was integrated into 9 V
Aspen Hysys®. This model, developed at NTNU, uses fourth-order
Runge-Kutta method to calculate the flux along membrane length,
and then iteration over permeate values to converge to a solution.

® CO, (0-50%) is considered in the gas stream entering the membrane
system. Process conditions used in simulations are shown in Table 4.
Due to the limitation caused by plasticization, CA membranes are si-
mulated for maximum 30% CO, contents in feed at 50 bar, whereas
maximum 50% CO, is considered for other membranes [36]. Perme-
abilities and selectivities used in simulations are shown in Table 2.

e The adiabatic efficiency of the compressors is modelled as 75%.

o A single stage process can obtain methane recovery over 97.5% with

MCHF, so this membrane is simulated for single stage, and other

membranes are simulated for two stages. Simulating a two-stage

system, permeate from the first stage is compressed to 51 bar and
taken as the input for second stage membrane. Then rejection/re-
tentate stream at 50 bar from the second stage is recycled back to

mix with feed stream which is already at 50 bar. A two stage system

is shown in Fig. 6.

In a two-stage system CO, obtained on “permeate 2” is 97.5% pure

and can be used further for re-injection in enhanced oil recovery

process or some other application. In order to reduce the compres-
sion capacity/duty for CO,, the pressure for permeate 2 is kept at

4 bar in these simulations (as membrane area is assumed to be

cheaper than an extra stage of the compressor at low pressure).

Table 4
Process conditions used in simulations.

Feed composition 0-50 % CO,, balance CHy4

Feed flow rate (Nm®/hr) 300

CH, purity in product (%) 98

CHy loss (%) 2.5

Feed pressure (bar) 50
Temperature (°C) 25

Flow pattern in membrane module Countercurrent
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4. Results and discussion

Thermal expansion is a critical parameter and to understand the
stability of CHF in applications where they are exposed to varying
temperature conditions, it is important to study the thermal expansion
behavior of the CHF. Thermal stability of CHF in responding to change
in temperature from 43-400 °C was studied.

4.1. Thermal expansion of the CHF

CHF were placed into a thermos thread hole in an alumina ther-
mocouple tube and cut into the right length so that 10 mm of the fiber
was visible over thermocouple tube. Close clamping of the fibers was
avoided so that thermal expansion difference would not introduce
mechanical distortion. Thermocouple tube stood into a 3 mm hole in a
steel slab. The sample was placed in an optical dilatometer (MIZURA
HTM, Expert Systems) and heated at a rate of 2 °C/min in the air till it
reached the set point of 400 °C. The sample was filmed during the entire
heating and cooling cycle. The sample was held at 400 °C for 5 minutes.
Fig. 7 is the snapshots from heating cycle. It indicates that the fibers are
intact and stable up to 374 °C. Above this temperature, the change is
probably because of oxidation.

4.2. CHF and MCHF (Performance difference)

A total of 70 CHF modules of effective area range 0.2-2 m? for each
module (pore size might be in range 3-5 A as it was not detected by
TEM and BET), were modified to study the effect of pore tailoring
process and separation performance of CHF and MCHF. The result is
shown in Fig. 8. Single gas N, and CO, permeation tests were performed
(using standard pressure-rise set up [37]) before and after modification
at 23 °C, 5 bar feed (shell-side configuration) pressure and vacuum on
permeate side. Permeation results measured by pressure increase
method indicated that overall performance of all modules was im-
proved after physicochemical treatment of the membrane surface, and
performance for most of the MCHF is high above the Robeson’s upper
bound 2008 as shown in Fig. 8 [38]. Maximum permeance value for a
MCHF module was recorded (module 16), which was 50,000 times
higher than prior to modification. CO,/CH,4 selectivity was improved
41 times in comparison with pre-modified fibers of the same module.
This selectivity and permeance value is used in the simulation section.
In a few modules, selectivity was reduced after surface treatment and
the reason may be that the chemical vapor deposition process did not
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Fig. 6. Two stage membrane process.

Compressor
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create a sufficient layer on all the fibers, or that the oxidation-reduction
process opened the pores too void before or after the CVD process.
Numerical values of CO,/CH, selectivity, CO, permeabilities, mem-
brane area for CHF and MCHF are shown in table A1 of Appendix A.
The modules referred in Fig. 8 all contain between 200-2000 fibers.

4.3. High pressure testing

The permeation properties of MCHF were also examined at elevated
temperature and pressure. A membrane module consisting of two

33

o
o
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[
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modified hollow fibers was used for high pressure experiments to un-
derstand the behavior of pure gas CO, and N, permeation (fluxes) at
seven different pressure set points for shell-feed configuration as shown
in Fig. 9. All experiments were done at 1 bar pressure on the permeate
side. Both CO, and N, flux remained almost constant with increase in
pressure. Rao et al. [39] explained that with very strong adsorbing or
non-permanent gases pore blocking can occur at high pressure resulting
in high selectivity. Permeabilities of N, and CO, changes, but the effect
is much smaller and it explains that the dominant mechanism here is
molecular sieving, which is not being effected by pressure. It was found

Fig. 7. Snapshots of the thermal expansion of CHF.

400 °C/S min
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Table 5
Economic parameters.

Membrane type CA Polyimide MCHF

25 50
$ 8700 x (HP")*®2

Cost $/m* 100

Compressor cost ($)

@ HP is the installed horse power for the installed compressor.

that the carbon membrane is not swollen by high partial pressures of
CO,, Fibers were fed to shell side, however, pressures higher than
70 bar were not tested at our facility due to HSE (health and safety
executive) limitations. Although in the later stage, dynamic mechanical
properties of MCHF were measured and then burst pressure was cal-
culated by using Barlow‘s formula (Eq. (5)). Then fibers were kept bore
side fed at 60 bar (10% CO, in N,) for 1 hour. It was observed that
fibers are quite stable when fed through bore side as well.

p 25T
(0D) (5)
Here, P (psi) is the fluid pressure, S (psi) is allowable stress (ultimate

tensile strength or yield strength can be used), T(in) wall thickness of

the fiber, OD(in) is outside diameter of the fiber.

4.4. Elevated temperature testing

To investigate the temperature dependence of mass transport
through the MCHF, pure gas CO, and N, has been studied between 23
and 120 °C as shown in Fig. 10. The extensive temperature span
shows that CO, and N, have different transport behavior with the
temperature elevation. For inert gases, the separation can be done at
temperatures up to the carbonization temperature (~500-800 °C). If
the operational temperature is limited by the sealing material, this
may be overcome by installing heat exchangers at the module ends.
As shown in Fig. 10, CO, permeability declines significantly almost
50% in a linear fashion when the temperature is increasing. Fuertes
et al. [40] suggested that the CO, permeability decline at high
temperature and low pressure is a result of a compensation between
increasing mobility and decreasing adsorption. In contrast, the effect
of temperature on N, permeability was very low and above 45 °C, the
permeability of N, is almost constant.

Fig. 10. Effect of temperature on the permeability of CO, and N, (P: 5 bar).
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4.5. Simulations and economics

In this study, the effect of CO, contents in feed for a fixed product
purity (98% CH,4) and loss (2.5% CH,) using membranes with different
efficiencies is simulated and hence the subsequent effect on total cost in
form of membrane area and compression duty is evaluated. Selection of
a separation process is entirely based on economic considerations. Costs
must be calculated for every specific separation problem in details and
it cannot be considered very general. This article gives a short capital
cost comparison among MCHF, polyimide and CA membranes, which
include the capital cost of the membrane and installed compressor for
required duty as shown in Eq. (6). No recompression/pumping cost for
the CO, produced is considered here. Detailed economic design and net
present value (NPV) calculations for CO,-CH, separation with MCHF
membranes are explained in the referred article [10]. Carbon mem-
branes are quite advanced membranes and still in the optimization
process. That is why the cost per m? mounted into a module for MCHF
is four times higher than CA as shown in table 5. This price for MCHF
membranes is for carbon membranes prepared from CA (assumed as
economical raw material) on a pilot scale plant (MemfoACT, Norway).
This price is estimated from the pilot-scale production experience.
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However, the prices for polymers are taken from the data presented by
W. J. Koros [41] at NTNU, Norway. These values were further used by
other authors also [11,31]. Membrane properties used in simulations
are shown in table 2.

(6)

Crotal = Cembrane + Ceompressor

The membrane performance (CO, permeability and selectivity) in-
fluences the CO, removal rate from the feed gas. The higher perfor-
mance will reduce the membrane area needed for separation to achieve
the product purity. In the case of polyimide, the selectivity is higher
than CA, but the permeance is much lower which results in overall
slightly lower performance as compared to CA. In simulations, pressure
for permeate one (Fig. 6) is kept at 1 bar for both CA and polyimide
membranes. In the case of polyimide membrane, the optimized pressure
can achieve the selectivity-driven region by increasing area on the first
stage and reducing compression energy on 2"¢ stage (considering
membrane area is cheaper than compression energy). Fig. 11 shows that
area required for both polyimide and CA is almost same for different
CO, concentrations in the feed gas. Due to low selectivity, it is not
possible to achieve required product purity in a single stage while using
CA or polyimide membrane system. Therefore, a two-stage system is
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needed for required CH,4 purity and recovery and in that case, and
compression is needed on 2™ stage to achieve the pipeline pressure for
recycle stream as shown in Fig. 6. This compression duty is shown in
Fig. 11 which is alike for both CA and polyimide membranes.

The modified carbon membranes offer high efficiency in a one stage
process reducing methane losses, footprint, and energy consumption as
shown in Fig. 12. Results indicate that CH4 recovery of 99.2% can be
achieved in a single stage with MCHF membrane system when 5% CO,
is present in the feed gas. Required area is almost constant from 20%
and higher contents of CO, in natural gas. The data in Fig. 6 depends on
pressure ratio, which is fixed here at 50/1 bar.
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For the natural gas facility, in the case of single stage separation,
the largest cost item is the membrane and associated housing for high
pressure, because there is not any compression cost associated with
natural gas feed, which is already at high pressure. But in the case of
two stage membrane system, the need for compression of recycle
stream adds up the cost as shown in Fig. 13. From the results, for the
natural gas stream, increasing the membrane performance (both
permeability and selectivity) reduces the process complexity by
achieving the goal in a single stage and hence reduces the total cost.
Although MCHF membrane price is higher than polyimide and CA
membranes, still the separation process with MCHF is economical
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and offers small foot prints owing to only single stage requirement.
Carbon hollow fiber membranes are still in the development phase,
and the membrane price will most likely be reduced by further op-
timization of the carbon membrane production and modification
process in the future.

4.6. Carbon membrane applications

Membranes have been widely used in natural gas treating to pipe-
line specification and enhanced oil recovery (EOR), where CO, is re-
moved from an associated natural gas stream and reinjected into the oil
field to improve oil recovery. Carbon membranes have the ability to
separate gases based on small differences in the size and shape of the
gas molecules and separation performance is higher than conventional
polymeric membranes. High CO, concentration and low flow favour
carbon hollow fibres membrane processes. Stand-alone membrane
systems are ideal for small distributed fields with small gas flows
(< 20 million scfd/ < 23,600 Nm®/h). Membrane area is dictated by
the percentage of acid gas removal rather than absolute acid gas re-
moval, and small variations in feed acid gas content hardly change the
sales-gas purity. In the case of MCHF, the membrane has high perfor-
mance which keeps the membrane far into the selectivity driven region
and the installed area is not much effected by CO- contents in the feed.
Simulation data showed that installing a MCHF membrane area for 20%
CO,, contents can work for CO, range of 1-50% with less than 1% loss in
both purity and recovery. Installing membrane area for equal or below
5% CO, contents brings it into the pressure ratio driven region and
additional compression cost adds up, (pipeline purity and recovery) if
actual CO, concentration increases in the line. A schematic plot
(adopted from Baker and Lokhandwala [5]) illustrating the effect of gas
flow rate and CO, composition on the choice of the separation process
is shown in Fig. 14.

5. Conclusion

Cellulose acetate hollow fibers were spun and deacetylated with
NaOH at a pilot scale facility. These hollow fibers were carbonized in N,

Appendix A. Appendix

See table Al.

Table Al
Carbon hollow fibers and Modified carbon hollow fibers performance.
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environment up to 550 °C based on a multi-dwell carbonization pro-
tocol. Numerous potting glue types were tested to make stable modules
of CHF for high pressure and elevated temperature permeation testing.
A potting/sealing procedure with selective clogging and thermal ex-
pansion of CHF were presented. Permeation properties of CHF were
investigated for the single gases CO, and N, at the pilot facility. Due to
fire hazard limitations, CH4 was not tested at membrane production
facility, only in the lab. CHF modules were further modified to enhance
the permeation properties by tailoring pore structure with an oxida-
tion—reduction process and forming a new thin selective layer of carbon
using CVD with propene. The MCHF showed attractive permeation
properties for CO,, N, and CH, at elevated temperature and pressure
conditions. It appeared that permeation properties for CO,/CH, re-
mained almost constant by increasing pressure up to 70 bar, but sig-
nificant decline (almost 50%) in CO, permeability was observed when
the temperature was increased up to 120 °C. Using permeation results
for MCHF simulations were conducted based on Aspen Hysys® in-
tegrated with ChemBrane. The CO,/CH, separation process was opti-
mized based on membrane area and compression duty to calculate the
cost for the given CH,4 purity and recovery. A cost comparison for
MCHF, polyimide, and CA membranes was presented, which showed
that MCHF can do CO,/CH,4 separation in a single stage, making the
process economical and simple as compared to polymeric membranes
where a complex two stage system is required to do the same separa-
tion. Offering high permeability and high CO,/CH, selectivity, MCHF is
far into the selectivity driven region and simulation data showed that a
MCHF system designed for 20% CO, contents in feed can separate the
range of 1-50% CO,, contents in the feed with less than 1% loss in purity
and recovery. The successful high-pressure (up to 70 bar) testing of
MCHEF is encouraging and industrially relevant for many high-pressure
applications, such as CO, removal from natural gas.
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CHF MCHF
No. Area Selectivity CO, Permeability Selectivity CO, Permeability
(m?) CO,/CHy4 Barrer CO,/CH4 Barrer
1 1.0 21 1.75E—-02 60 1.60E + 02
2 0.8 33 2.18E—02 48 2.46E+01
3 0.7 12 2.81E—02 24 1.05E+02
4 0.8 12 1.63E—02 39 9.82E+01
5 1.0 18 2.05E-01 45 6.47E+01
6 0.9 9 1.11E-02 69 1.76E+02
7 1.0 3 4.80E—02 72 1.04E+02
8 0.7 6 2.43E-02 54 3.10E+02
9 1.0 15 4.68E—02 138 1.55E+02
10 0.8 27 6.59E—03 60 3.08E+02
11 1.1 9 1.78E~-02 45 1.78E+02
12 0.7 3 1.15E—-02 69 2.52E+02
13 0.8 9 1.61E—02 51 1.23E+02
14 1.0 1.69E—-03 57 2.62E+02
15 1.0 12 5.76E—02 42 5.96E +02
16 0.9 6.20E—03 246 3.18E+02
17 1.1 51 5.57E—01 48 3.39E+02
18 1.0 12 9.88E—02 165 1.31E+02
19 1.3 15 1.18E-01 21 1.25E+02
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Table A1 (continued)
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CHF MCHF
No. Area Selectivity CO, Permeability Selectivity CO, Permeability
20 11 21 1.68E—-01 42 2.93E+02
21 1.1 51 1.92E+00 45 2.45E+02
22 1.0 51 1.97E+00 42 1.80E+02
23 1.5 72 3.14E+01 36 2.42E+02
24 1.4 90 7.09E+00 39 2.90E +02
25 1.5 39 1.24E-01 48 8.76E+01
26 1.4 33 3.19E-01 39 2.35E+02
27 1.5 54 1.19E+00 48 2.40E +02
28 1.4 72 1.90E+01 42 2.52E+02
29 1.4 81 2.59E+01 39 3.80E+02
30 1.6 48 8.39E+00 36 3.23E+02
31 1.7 69 8.27E—01 36 3.34E+02
32 1.7 36 4.83E—01 57 2.80E+02
33 1.9 66 1.69E+01 45 2.94E+02
34 1.6 84 2.41E+01 27 3.87E+02
35 11 39 1.30E+00 45 3.06E+02
36 1.5 87 6.62E+00 54 7.70E+01
37 1.5 63 3.25E+01 27 3.81E+02
38 1.7 54 4.37E+00 60 1.89E+02
39 1.6 63 1.70E+01 48 2.77E+02
40 1.7 66 1.22E+01 21 7.71E+02
41 1.4 90 5.45E+01 30 5.16E +02
42 1.5 69 4.22E+01 27 5.60E +02
43 1.4 129 1.25E+00 45 1.46E+02
44 0.3 117 6.36E+00 33 1.44E+02
45 0.3 123 4.04E+01 36 8.55E+02
46 0.3 111 6.76E+01 33 8.76E+02
47 0.2 78 6.09E+00 33 5.51E+02
48 0.2 144 2.23E+01 48 4.02E+02
49 0.2 39 2.25E+01 45 5.20E+02
50 0.2 42 2.94E+00 96 3.82E+02
51 0.2 69 9.22E-01 69 2.88E+02
52 0.2 102 2.08E+01 48 1.53E+02
53 0.2 51 8.30E+00 93 5.16E+01
54 0.3 99 5.89E+00 108 2.25E+01
55 0.3 93 3.46E +00 150 5.03E+01
56 0.3 108 3.56E+01 45 4.54E+ 02
57 0.3 129 7.56E+01 48 6.55E+02
58 0.2 90 1.06E+01 69 2.32E+02
59 0.3 102 1.79E+01 45 8.05E+ 02
60 0.2 75 6.82E+00 63 5.04E+02
61 0.2 81 1.96E +00 111 1.68E +02
62 0.2 81 1.52E+00 66 1.85E+02
63 0.3 93 6.49E+00 51 2.03E+02
64 0.1 147 1.44E+00 114 1.08E+01
65 0.3 72 1.39E+00 90 1.26E +02
66 0.3 96 8.83E+00 48 2.99E +02
67 0.9 45 1.53E+00 90 4.57E+01
68 1.0 21 1.84E+01 75 7.52E+01
69 0.9 57 6.65E+01 87 7.02E+01
70 1.1 33 1.00E—-02 48 1.51E+01
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Abstract

The energy contents of biogas could be significantly enhanced by upgrading it to vehicle fuel quality. A pilot-scale separation plant based on
carbon hollow fiber membranes for upgrading biogas to vehicle fuel quality was constructed and operated at the biogas plant, Glgr IKS, Lil-
lehammer Norway. Vehicle fuel quality according to Swedish legislation was successfully achieved in a single stage separation process. The raw
biogas from anaerobic digestion of food waste contained 64 + 3 mol% CH,, 30-35 mol% CO, and less than one percent of N, and a minor
amount of other impurities. The raw biogas was available at 1.03 bar with a maximum flow rate of 60 Nm® h™". Pre-treatment of biogas was
performed to remove bulk H,O and H,S contents up to the required limits in the vehicle fuel before entering to membrane system. The
membrane separation plant was designed to process 60 Nm® h™" of raw biogas at pressure up to 21 bar. The initial tests were, however, per-
formed for the feed flow rate of 10 Nm® h™" at 21 bar. The successful operation of the pilot plant separation was continuously run for 192 h (8
days). The CH, purity of 96% and maximum CH, recovery of 98% was reached in a short-term test of 5 h. The permeate stream contained over
20 mol% CH,4 which could be used for the heating application. Aspen Hysys® was integrated with ChemBrane (in-house developed membrane
model) to run the simulations for estimation of membrane area and energy requirement of the pilot plant. Cost estimation was performed based
on simulation data and later compared with actual field results.
© 2018, Institute of Process Engineering, Chinese Academy of Sciences. Publishing services by Elsevier B.V. on behalf of KeAi Communi-
cations Co., Ltd. This is an open access article under the CC BY-NC-ND license (http://creativecommons.org/licenses/by-nc-nd/4.0/).

Keywords: Biogas upgrading; Pilot-scale demonstration; Membrane separation: Process simulations

1. Introduction

Industrial development and increased human population
have globally led to a rising demand for energy with a growth
rate of about 2% per year [1,2]. Oil and gas are the major
sources of energy today and the complexity of the fossil fuel
energy market always involves the risk of energy crisis
emerging for political or the other reasons, like in the mid-
1970s, and then recently in 2015 [1-3]. Renewable energy

* Corresponding author.
E-mail address: may-britthagg@ntnu.no (M.-B. Hagg).

https://doi.org/10.1016/j.gee.2018.03.003

sources like biogas, wind and solar are inexhaustible
compared to fossil fuels which are decreasing continuously
over time. Although the reserves of fossil fuels are still sig-
nificant, the questions related to climate change will enforce a
change of energy usage. Renewable technologies are making
relatively fast progress and expected to increase significantly
(30-80%) in 2100 [2.4].

Biogas is a valuable renewable energy source and forms
naturally, e.g. under anaerobic conditions such as in small
lakes or flooded fields, in the sediments of the sea floor, and in
the stomachs of ruminants. It can be produced by microbial
digestion of organic material (agricultural waste, manure,
municipal waste, sewage, food waste, etc.) in the absence of

2468-0257/© 2018, Institute of Process Engineering, Chinese Academy of Sciences. Publishing services by Elsevier B.V. on behalf of KeAi Communications Co.,
Ltd. This is an open access article under the CC BY-NC-ND license (http://creativecommons.org/licenses/by-nc-nd/4.0/).
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oxygen [5,6]. The major components are methane (CH,4) and
carbon dioxide (CO,) with traces of H,S, some other gases and
vapors [7,8]. The most common applications of biogas are for
heating, combined heat and power generation and usage as a
vehicle fuel. Other applications which are studied or tested are
injection into the natural gas grid and H, production for fuel
cells.

A study on different utilizations of biogas reports that
biogas upgrading to fuel quality gives the highest portion of
exportable energy with a medium range (10%) energy demand
[9]. In the aforesaid statement, upgrading was done with
membrane process. Sweden is one of the countries that widely
developed biogas as an energy source after the energy crisis in
the 1970s, and today is the leading nation when it comes to
biogas as vehicle fuel with projected yearly consumption of
1 TWh in 2020, in comparison with 100 GWh in 2002 [10,11].
A simplified configuration of sustainable energy production is
shown in Fig. 1 [6].

Biogas is widespread throughout the world in abundance
where there is farming, and people are living. To use biogas as
vehicle fuel, it must be upgraded to certain required specifi-
cations. The corrosive components (water vapor and sulphur)
present in biogas must be removed. The CO,, which is one of
the major components in the biogas, needs to be separated
from the biogas because it dilutes/lowers the heating value of
the gas. This results in reduced burning capacity which, in
return, affects the performance of the engine [12].

Both CO, and H,S present in raw biogas yield corrosive
products in the presence of moisture (carbonic acid and sul-
furous acid). For extracting the energy carrier (methane) from
biogas, membrane separation constitutes one of the attractive
separation technologies and is the focus of the current study. A
pilot-scale membrane separation unit was installed at a biogas
(from food waste) production field in Norway to obtain the
fuel quality bio-methane according to the Swedish fuel quality
standards [13,14].

The membrane is a perm selective barrier which separates
two phases and restricts transport of various molecules in a
selective manner. In the case of biogas upgrading, membrane
separation is based on the difference in permeation rate of

Organic waste:
-agriculture

-fish industry Anaerobic
-waste water treatment
-households etc.
Photosynthesis Injection to
anabolism natural gas

Vehicle fuel

methane and carbon dioxide due to the difference in molecular
size, shape, and interaction with membrane material. The
process to produce biomethane should be inexpensive and
simple to control. Commercially available membranes for
CO,/CH, separation are mostly polymeric membranes, and
these membranes do not have high enough separation factor
(selectivity) to achieve a high recovery and purity of CH4 in a
single stage [15]. The amount of energy required for biogas
upgrading is a key factor when selecting a technology for this
purpose [16,17]. In this work, carbon membranes were applied
in the pilot plant as an economically possible separation so-
lution. Most of the work reported on carbon membranes was
done at laboratory scale, and very limited work has been re-
ported for these membranes on real gas industrial exposure.
Carbon membranes have shown promising separation prop-
erties at laboratory scale, and these membranes are stable at
high pressure and temperature [18-25]. The novelty of this
work is to assess regenerated cellulose-based carbon hollow
fiber membranes with high CO, permeability and CO,/CH,
selectivity in pilot scale biogas upgrading application. Biogas
upgrading process, with the reported carbon membranes, is an
energy efficient process and high purity methane (vehicle fuel
quality) with high recovery can be obtained in a single stage
separation process.

Biogas upgrading process consists of two main stages: (1)
pretreatment process to remove trace components (H,O, H,S)
to meet the fuel standards and (2) the membrane process to
separate CO,. A detailed description of the biogas plant can be
found in the references [16,17,23]. This article reports the
carbon hollow fiber pilot-scale module design used for biogas
upgrading to vehicle fuel quality and testing of these mem-
branes at the biogas field, Glgr IKS, in Norway.

Process simulation is used to operate the model/limitation
of the system before a new system is built or altered. The
model can be redesigned, experimented and optimized in a
way which would be too expensive or impractical to do in the
actual system itself. Aspen HYSYS®, a process modeling tool,
was integrated with ChemBrane (in-house membrane model
described elsewhere [26,27]) to design the membrane sepa-
ration process for biogas upgrading. Results obtained at the

Soil improving
solid residue

Clean water

Supernatant Fertilizer
concentere

Upgrading || Electricity || Heat

Fig. 1. Simplified configuration of sustainable energy production; turning waste into a resource [6].
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membrane production facility were used in the model to
optimize the process in the valuation of the required energy
and membrane area. Total capital investment and production
cost of the process were estimated based on supplier price
quotations and simulation data. However, the price for each
unit operation is presented as percent of total capital invest-
ment and production cost here. This work sums up the
membrane module design, simulation predictions, and then,
the actual field results in terms of membrane performance and
total capital investment/production cost of the process.

2. Experimental
2.1. Carbon hollow fibers (CHF) preparation

The precursor for CHF was prepared using regenerated
cellulose acetate (CA) by the dry/wet phase inversion process
in a pilot-scale spinning set up delivered by Philos Korea. A
dope consisting of CA mixed with N-methylpyrrolidone
(NMP) and polyvinylpyrrolidone (PVP) was used to spin CA
hollow fibers. CA hollow fibers were deacetylated batch-wise
with a mix solution of NaOH in short chain alcohol. Then the
deacetylated dried CA hollow fibers were carbonized at
550 °C under N, flow in a tubular 3-zone furnace. The
carbonization protocol had a heating rate of 1 °C min~' with
several dwells and the final temperature of 550 °C for 2 h.
Process details were described elsewhere [22].

2.2. Biogas composition and vehicle fuel quality

The raw biogas feed originates from microbial anaerobic
digestion of food waste. Raw biogas composition is shown in
Table 1. Untreated biogas was fed to a biological H,S
scrubber, and a slip stream of the treated biogas was fed to the
membrane pilot plant.

For the biogas to be used as vehicle fuel, it must meet
certain quality requirements/standards. Norway does not have
its own fuel quality legislation yet, therefore, Swedish stan-
dards were used to acquire vehicle fuel with carbon membrane
separation process as both countries have an alike climate. The
requirements for clean biogas used as vehicle fuel according to
Swedish standards is shown in Table 2. According to the
legislation, an odorant must be added into flammable gas to
ensure that the gas can be smelled below 20% of the lower
explosion limit. Tetrahydrothiophene was used as an odorant
to the upgraded biogas in this study.

Table 1
Composition of raw biogas obtained from anaerobic digestion of food
waste.

Component Food waste (mole%)
Methane (CH,) 64 + 3%
Carbon dioxide (CO,) 30—35%

Nitrogen (N,) < 1%
Oxygen (O,) ca. 0%
Hydrogen sulfide (H,S) 1000 ppm
Water (H,0), 35 °C ca. 32 g Nm

—3

Table 2

The requirement for vehicle fuel quality; Swedish legislation [13.14].
Components Standard

CHy (Vol%) 96—98

H,0 (mg Nm~3) <32

Dew point (°C) —60 °C at 250 bar (g)
CO; + O, + N, (Vol%) <4

0, (Vol%) <1

H,S (ppm) <23

2.3. The carbon membrane pilot plant

The high performance of carbon membranes measured, at
laboratory scale, indicated that CO,—CH, separation process
may have a very high recovery of methane (> 98%) and high
CH,4 content (96%) in a single stage process. The carbon
membrane production cost is higher compared to polymeric
membrane technologies, as the production process is not yet
fully optimized at commercial scale. But the high recovery
results in a lower operational cost of the process which com-
pensates to a certain extent for the cost of the membrane.

2.3.1. Biogas upgrading process

In principal, the raw biogas is compressed, bulk water is
removed by means of a chiller (dew point: 4 °C at 1 bar), gas is
reheated and then led through the membrane system. Carbon
membranes are more selective for CO, relative to CHy,
therefore, in the biogas upgrading process CO, from the feed
biogas passes through the membrane (low pressure side/
permeate) and CH4 remains on the high-pressure side (reten-
tate). Hence, the retentate is the desired product. The ratio of
permeate flow rate and feed flow rate is defined stage cut (qp/
qr). Biomethane purity in the retentate stream depends on (1)
CO,/CHy, selectivity, (2) pressure ratio on both sides of the
membrane and (3) stage cut. Carbon hollow fiber membranes
possess high CO,/CH,4 selectivity and can be operated at high
pressure, thus a sufficiently high-pressure ratio can be ach-
ieved if required. However, the necessity is determined by
process design and economic considerations. H,S and water
need to be removed from the biogas stream prior to the
membrane and this is done in pre-treatment section as shown
in Fig. 2. Pre-treatment is a vital part of the process to meet the
fuel standards and enhance the life time of the upgrading plant
together with membranes.

The process flowsheet of the upgrading process with
essential components is shown in Fig. 2, and operating con-
ditions are shown in Table 3. The biogas upgrading pilot plant,
containing carbon hollow fiber membrane, was operated to
achieve fuel quality biomethane. The plant was designed to
process 60 Nm® h™' of raw biogas at pressure up to 21 bar.
The initial tests reported here were performed for the feed flow
rate of 10 Nm® h™! at feed pressure 21 bar and vacuum on
permeate side. The raw biogas was available at 1.03 bar and a
blower was used to increase the pressure up to 1.3 bar. An
activated charcoal system was used to remove most of the H,S
and bring it down to 5 ppm in the biogas stream. To ensure the
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Fig. 2. Process flowsheet of biogas upgrading pilot plant based on carbon hollow fiber membrane.

Table 3

Operating conditions used in biogas upgrading pilot-plant.

Parameter Value Unit
Feed flow rate 10 Nm® h~!
Biogas pressure at blower inlet 1.03 bar
Biogas pressure at blower outlet 1.3 bar
Biogas pressure at compressor inlet 1.3 bar
Biogas pressure at compressor outlet 21 bar
Permeate pressure 0.1 bar
Temperature 2025 °C
CH, in product 96 %
CH, recovery 98 %
H,S in biogas feed <5 ppm

compressor safety, in form of scale formation or deposition of
charcoal inside the compressor, a filter was present after H,S
removal system to remove the entrained particulates of acti-
vated charcoal. Then the water knockout through temperature
swing (TS) at 4 °C and 1 bar was introduced just before the
feed to the compressor to reduce the water level in the feed
gas. The raw biogas was compressed to 21 bar with the me-
chanical reciprocating compressor (oil-free with 4-radial cyl-
inders and external oil lubrication pump). Another chiller and
an oil filter shown after compressor were part of the
compression unit. They were not installed separately. In the
case of carbon membranes, less than 40% relative humidity
(RH) is satisfactory [21,28] as the performance of carbon
membrane deteriorates at higher RH, so (partly)drying is
needed. However, as a precaution, a heater was introduced just

before membrane unit. The compressor oil, in case of any
leakage from lubrication side, may deposit on the membrane
surface and thus have a deleterious effect on the membrane
performance, therefore several oil filters were used down-
stream to remove oil from the compressed feed gas. The
compressed biogas then entered a cylindrical multi-module
(shown in Fig. 3) containing 24 medium sized carbon hol-
low fiber modules (= 0.5-2 m? each). A single stage sepa-
ration configuration was successfully tested to obtain 96%
CH,4 and a significant amount of data was collected. The
membrane feed gas temperature was regulated by an electric
heater, and the pressure was controlled by a modulating valve
(v-4 in Fig. 2, a globe valve with K vs. 2.5, supplied by
Samson). The membrane pressure, temperature, flow of the

Fig. 3. Technology readiness level according to the EU commission/Up-
Scaling from lab to pilot-scale; (a) lab scale module, (b) medium sized
module, (c) Multimodule, (d) Membrane Pilot plant.
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two outlet streams, permeate and retentate, were monitored
with instruments as shown in Table 4. Online infrared ana-
lyzers (GD10P from Simtronics ASA) were used to monitor
the composition of permeate stream only. However, another
online gas analyzer (SSM 600C from Pronova) was available
to measure composition of only one stream at a time, feed,
retentate or permeate. A handheld gas analyzer GA 2000 from
Geotechnical Instruments UK, was used at each site to have an
estimation of the actual biogas composition. The analyzer can
detect: Methane (0-100%), CO, (0-100%), O, (0-25%), H,S
(0-500 ppm). No more thorough analysis of trace compounds
in the gases was performed. To accomplish the dew point: —60
at 250 barg in the final product, a zeolite-H,O absorbing
column was installed followed by a particle filter prior to the
high-pressure compressor. The purpose of particle filter was to
retain zeolite particles entering high pressure compressor.
High-pressure compression up to 250 bar and odor addition
was performed before storage of the vehicle fuel.

2.3.2. Multi-module system assemblage

A multi-module system (MMS) was comprised of up to 24
medium sized modules, of which, each module was made up
of up to 2000 carbon hollow fibers, which were tested for
strength in bundles with effective area ranging from 0.5 to
2 m The outer diameter of the hollow fiber is in the range of
150-300 micron and a wall thickness of 30—50 micron. Feed is
on the shell side of the module (outer membrane surface) and
permeate flows internally (bore side) along the fibers. The
assemblage, testing and performance of each medium sized
module are reported elsewhere [25]. The MMS was designed
in a way to accomplish maximum efficiency of the mem-
branes. The structural strength, low fouling tendency, mem-
brane replacement and ease to clean the MMS were important
considerations for its application in a biogas upgrading plant.
The MMS size was 0.324 m in diameter and 1 m in active
length and consisting of three parts: (1) the vertical tank
having both feed, retentate connecting ports and three legs
with screws to secure it to the skid. (2) Middle part to insert
the medium sized modules and, consisting of two round plates
with holes according to the outer diameter of the medium

Fig. 4. Photographs showing the biogas upgrading membrane plant.

sized modules. One partition plate on the top to separate the
permeate section from feed section and 2nd partition plate
between feed and retentate also helping to hold the modules
firmly and avoid bumping into each other. (3) The lid on the
top with permeate connection. The arrangement of the me-
dium sized modules inside the MMS is shown in Fig. 3c.
Photographs of the biogas upgrading plant are shown in Fig. 4.
After the assembly and before fitting the lid, each of the me-
dium sized module was tested again for any leakage (fiber
breakage) using air pressure and soap water.

The MMS were pressurized and filled with gas by adjusting
the feed, retentate and permeate valves manually in the initial
stage. The valves were adjusted to fill gas in such a way that
fibers achieve gentle treatment on the surface and there is no
excessive pressure difference between feed and retentate
across the partition plate inside the MMS.

3. Simulations and cost estimations
3.1. Simulation basis

Based on laboratory results, a single stage membrane
configuration without recycle stream was examined and opti-
mized by computer simulations before the execution of the
pilot plant operation. The process configuration in simulation
software “Aspen HYSYS” is illustrated in Fig. 5.

Then following basis and assumptions were used to simu-
late the membrane process performance:

Table 4
List of main instruments and measuring range.
Instrument Model Supplier Measuring range Accuracy
Dedicated product gas analyzer GD 10P Simtronics ASA CO,: 0—100% + 3%
Handheld gas analyzer GA 2000 Geothecnical instruments CHy: 0—100% + 3%
CO,: 0—100% + 3%
0,: 0-25% + 1%
H,S: 0—500 ppm + 5%
Online gas analyzer SSM 6000C Pronova CHy: 0—100% + 2%
CO,: 0—100% + 2%
0y 0—25% + 2%
H,S: 0—5 ppm + 5%
H,: 0—1000 ppm + 5%
Temperature transmitter TT-Classe A Officina Orobiche —30—+350 °C +0.15°C
Dew point transmitter DP-001 Michell Instruments —100—+420 °C +1°C
Pressure transmitter 30518 Emerson 1-275 bara 0.025% of span
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Fig. 5. Single stage process for biogas upgrading with carbon membranes.

Table 5
Process operating conditions used in the simulations.

Feed composition

Feed flow rate (Nm® h™") 60

CO, permeability (Barrer") 300

CO,/CHy selectivity 100

CH, purity in product (%) 96

Feed pressure (bar) 21

Permeate pressure (bar) 0.1
Temperature (°C) 25

Flow pattern in membrane module Countercurrent

35—40% CO,, balance CH,

1 Barrer = 2.736E-09 (m*(STP).m)/(m? bar.h).

e Countercurrent gas flow pattern without sweep on
permeate side was used in all hollow fiber membrane

modules.

e In-house made membrane simulation model (Chembrane)
was integrated into 6 V Aspen Hysys®. This model,
developed at NTNU, uses fourth-order Runge-Kutta

method to calculate the flux along membrane length, and
then iteration over permeate values to converge to a
solution.

e CO, composition (40-45%) balance with CH,, was
considered in the feed biogas stream entering the mem-
brane system. Process conditions used in simulations are
shown in Table 5. Permeabilities and selectivities used in
simulations are also shown in the same table.

e The adiabatic efficiency of the compressors was modeled
as 75%.

3.2. Economic parameters

The economic calculations may differ considerably, as they
are justified by the data available and cost model. An eco-
nomic evaluation was performed to assess the total capital
investment and production cost of the biogas upgrading plant.
A single stage biogas upgrading process with installed carbon

Table 6
General assumptions for economic calculations [23].
Values Units
Energy prices
Electricity 0.06 € kwWh!
Vehicle gas 0.33 € Nm™
Methane content 60 %
Financial assumptions
Membrane cost 161 €m?
Installed compressor cost (CC)* € 7100 x (HP)*%?
High pressure compressor cost (CBGC)* Ceompins = 9120 Weomp) "%, fin. fi. finge [29]
Internal rate of return (IRR) 5 %
Depreciation 15 Yrs
Operating percentage 96 %
Total hours in operation 8409.6 h/yr
Normal supervision 416 h/yr
Membrane life time 5 Yrs

* Cooling system was included in the compression unit.
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membranes with given performance, cannot recover all the
CH, coming from the biogas. Consequently, this CH, will be
lost in the permeate stream. Therefore, the cost of the lost CHy
was not included in the cost of upgrading process. General
assumptions used to evaluate the economics of the upgrading
unit are presented in Table 6. A detailed description of the
economic analysis and net present value are reported else-
where [23].

4. Results and discussion
4.1. Multimodule membrane system

The first trial was run relatively quickly, using one MMS
comprising medium sized membrane modules of low per-
meance, and a feed flow rate of 4 Nm> h™' was applied. The
CO,/CHy selectivity obtained in this run was quite low, and
high permeance was recorded compared to the values esti-
mated from individual module testing and MMS results at the
production facility. Two reasons were considered: firstly, the
trial was run for too short time, and it is unlikely that the
permeate stabilizes so quickly, therefore, relatively low
selectivity was obtained in the beginning. Stabilizing the
permeate concentration for the low permeance modules may
take days, due to long residence time on the permeate side of
the MMS. Secondly, due to fiber breakage as carbon hollow
fibers being self-supported hold relatively poor mechanical
stability.

The plant was stopped, and MMS was opened to check the
fiber breakage. Each medium-sized module was tested using
air pressure and soap water to find the leakage in the modules
as shown in Fig. 6. Many broken fibers were found which
ultimately were manually clogged using epoxy “Loctite 3090”
and the procedure in detail is reported somewhere else [25]. It
was considered that vibration from compressor could break the
fibers as many of the broken fibers were found close to the
support legs of MMS where vibration effect was at maximum.
Therefore, the membrane skid was damped down to reduce the

vibration amplitude defecting the brittle fibers and operation
was started again.

Several measurements over a period of some days were
made. One MMS with an estimated membrane area of 2.5 m?
was tested for four days (cumulative operation time) to
determine the membrane performance. Fig. 7 presents the
results of this module with cumulative operation time. Feed
pressure was gradually increased to obtain a required pressure
of 21 bar. Depending on the composition of the raw biogas,
H,S was removed upstream of the feed gas compressor. All
measurements were made at 21 bar feed pressure and vacuum
on the permeate side. CH, contents in feed, retentate and
permeate streams are shown graphically along with flow rates
in Fig. 7. The concentration of CH, in retentate stream
increased to 78 (maximum CO,,CH, selectivity of 7) in the
beginning but suddenly started decreasing and the flow of the
product stream (retentate) reduced. A very high permeate flow
with no CO,/CH,4 selectivity was measured which indicated
fiber breakage in the module. The broken fibers were clogged,
and the operation was started up again. This time membranes
were showing some selectivity (during 50-65 h plant opera-
tion time), but the value was very low as compared to the
laboratory results. After few hours, some fibers broke again
and the same composition as feed was detected on permeate
stream, hence, the plant operation was stopped once more.
Hence the first three operations were not successful with
respect to achieve high selectivity due to the fiber breakage
problems as shown in Fig. 9.

These initial problems of fiber breakage were solved, and in
the fourth test the pilot plant was run for eight days at stable
conditions and measurements were done periodically both by
an online infrared analyzer and a portable analyzer. The plant
was working as expected by giving required vehicle fuel
quality as shown in Fig. 8. The results in Fig. 8 show that CH,
concentration in the feed, retentate and permeate streams and
flow rate of each stream was almost constant during the cu-
mulative test period of 192 h. The concentration of CH, in the
product stream was 96 mol% (CH4 loss: 2—4%) throughout

QO Goodmodules @ Module with few broken fibers @) Module with maximum broken fibers

Fig. 6. (a) Arrangement of small modules into a big multi-module (MMS) (b) leakage testing and manual clogging of each module inside MMS.
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Fig. 7. Results of one MMS, tested for feed flow: 4 Nm> h™".
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Fig. 8. Carbon membrane separation process for biogas upgrading; Flow rates
as “solid lines” and CH,4 contents as “dots” in the graph.
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Fig. 9. CO,/CH, selectivity during different operational runs of pilot plant. For
the three first runs there were some fiber breakage, hence low performance
resulted.

with optimized process conditions. Thus, the feed pressure of
21 bar (against the 0.1 bar in permeate) the required methane
purity (96%) and recovery (98%) of the product was achieved
in a single stage process (estimated through simulations before
installation). Fig. 9 presents the CO,/CH, selectivity achieved
during the different set of operations. As already mentioned,
the first three operations were not successful and very low
selectivity was achieved due to the fiber breakage problem.
This was however resolved and the plant was working as ex-
pected by giving required quality vehicle fuel (plant operation
4 in Fig. 9). The effective membrane area was significantly
reduced due to the manual clogging process of broken fibers.
The modules with a high number of damaged fibers were later
replaced by the good performing modules. After installation of
the good modules, the membrane area that was lost due to
clogging was only about 1-2% of the total membrane area.

4.2. Installed energy and cost of the plant

The energy values for the biogas upgrading unit were
assessed for 60 Nm® h™' plant capacity and values for the
compressed natural gas unit (CNG) were considered for
40 Nm® h™". Cost assessment is very important before the
implementation of the plan. Normally the membrane cost for
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Compressor, cooler, piping, engineering etc.
H,S removal system, engineering, piping etc.
Water removal system

Dispenser, storage piping, etc.

Membrane system

Container, gas analysing system

Fig. 10. Contribution of each unit in the biogas upgrading pilot plant.

polymer membrane modules is about 10-25% of the total cost
[23], but the scenario is quite different in case of carbon
hollow fibers. The carbon membrane production process is not
optimized for commercial scale, and continuous process is not
yet developed to produce the hollow fibers and to construct the
modules. Therefore, a batch process was used on pilot-scale
production plant which adds up the cost in terms of material
usage, energy consumption, man power and working hours.
Hence, the estimated membrane cost based on “small scale
membrane preparation” data was 161 € m2, contributing
about 35% of the total capital investment as shown in Fig. 10.
Moreover, the economic assessment depends on the method of
analysis and assumptions used to evaluate the final results.
Fig. 10 presents the cost of both upgrading unit and CNG
package. Membrane price was assumed based on lab-scale
production price, however, other costs mentioned in Fig. 10
were corrected in this paper according to the price quota-
tions obtained from suppliers. The membranes represent the
largest capital cost, while the second largest capital investment
was of compression unit which made 22% of the total cost.
H,S removal with charcoal was also very costly (13% of the
total cost), thus, a biological H,S removal system is recom-
mended for future studies. By applying these assumptions and
available information, a projected net present value (NPV) of
765,189 € was estimated. A detailed description of cost
analysis and NPV calculations were reported elsewhere [23].
The total capital investment for a 60 Nm® h™' biogas
upgrading pilot plant was 297,897 € and total operation &
maintenance cost (production/running cost) was predicted to
be 5532 € per year. Fig. 10 only presents the contribution of
each unit as a percentage value of the total capital investment.
The price for high pressure compressor was also added in total

capital investment. However, the specific energy of high
pressure compressor was 0.13 KWh/(Nm® of upgraded biogas)
which was not included in running cost in order to make
comparison with other studies. Carbon membranes used in
current study possessed high performance (selectivity and
permeability), therefore, very small area (10 m?) and low
specific energy was required to produce high quality vehicle
fuel with high recovery of methane in a single stage separation
process. Running cost of the carbon membrane based pilot
plant was thus estimated 0.014 €/(Nm”® of upgraded biogas),
which is much lower than 0.05 € Nm >, the values computed
by Deng et al. [15]. They reported an experimental analysis of
biogas upgrading process based on CO, facilitated transport
membranes. The two-stage membrane process with permeate
recycle was proven optimal and specific energy consumption
of 0.29 kWh/(Nm® of upgraded biogas) was estimated.
Makaruk et al. [16] investigated different membrane systems
for biogas upgrading process and reported specific energy
consumption of 0.3 kWh/(Nm® of upgraded biogas), whereas
Valenti et al. [17] have simulated the optimal value of specific
energy from 0.33 to 0.47 kWh Nm™> (depending on the
layout). No vacuum pump was used on permeation side in any
of the above-mentioned studies. However, biogas upgrading
with carbon membranes proved that a single stage membrane
system with no recycle stream, can produce vehicle fuel with
specific energy consumption of 0.28 kWh Nm . Although a
vacuum pump was used (vacuum energy is also added in total
specific energy usage) on permeate side for carbon membrane
system, yet the total energy consumption is still lower than in
all the above-mentioned studies. The energy consumption for
high pressure compression was not included in any of above-
mentioned studies.

4.3. Simulations and field results

To make an economically viable membrane separation
process, both high permeability and high efficiency (selec-
tivity) are needed. Carbon membranes reported here showed
superior separation performance on laboratory scale experi-
ments compared to polymeric membranes. Hence, a pilot-
scale system was simulated based on the experimental re-
sults at production facility. The performance of the membranes
was almost similar or even higher in some operations for
biogas upgrading as compared to simulated values. The total
capital investment was quite close to the projected values
based on simulations. The membrane cost was considered
80 € m™ in the simulations based on knowledge from pilot-
scale production at MemfoACT AS. However, the brittleness
of hollow fibers remained a challenge and the total cost of the
membrane was almost doubled when required membrane area
was in operation at the biogas facility. Hence, the total capital
investment and production cost increased because of that extra
membrane area. The energy consumption by the compressor
and vacuum pump, product (methane) purity and methane
recovery were very much comparable with the simulated
results.
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4.4. Challenges and suggestions

Although the carbon membrane pilot plant successfully ob-
tained the vehicle fuel, there are still challenges that need
consideration. The manually sorted and randomly packed hol-
low fibers of carbon membranes had smaller mass transfer-
coefficients than those for regular dense packings (polymeric
hollow fibers). Flow through the randomly packed hollow fiber
bundle could be highly nonuniform. Membrane effective area
was very much reduced due to selective and manual clogging.
Furthermore, regions, where fibers come in close contact, may
create sections of high pressure drop. The gas velocity through
these regions is much lower than the velocities in the regions
where fiber spacing is larger, yielding higher mass transfer
coefficient in these regions. On the other hand, in high velocity
regions, there are increased chances of fiber breakage if any
weak point occurs on the fiber surface. It may result in flow-
channels formation and hence, bypassing effect which would
result in selectivity loss. The MMS design for 24 medium size
modules was not most efficient in this development phase of the
operation. It could have been easier with individual module
housing instead of MMS housing in order to isolate and treat the
modules with bad performance separately. The process of
dismantling the MMS to take out the medium sized module,
finding and clogging of the broken fibers, and again assembling
the MMS increased the probability of fiber breakage in neigh-
boring modules inside MMS and the entire process was time
consuming as well. The shell-side feed configuration might
have damaged the fibers due to high pressure feed flow. Bore-
side feed configuration might have been more efficient in the
MMS system. The membrane production cost at semi-industrial
production plant was about 80 € m™2, but due to a decrease in
membrane effective area, the membrane cost doubled for the
biogas pilot plant, which ultimately increased the total capital
investment and production cost of the plant. The mentioned
problems must be solved before a successful hollow fiber
membrane module sees the market.

5. Conclusions

A multimodule system containing 24 medium sized
modules, was successfully installed and operated at 21 bar
feed pressure to obtain vehicle fuel from biogas. The carbon
hollow fiber membranes achieved 97 mol% CH,4 with 98%
CH,4 recovery in a single stage process. Pretreatment of
biogas was performed prior to membrane separation to meet
the fuel quality standards according to the Swedish legisla-
tion. The pretreatment consisted in removing H,S with
charcoal bed and H,O removal by temperature swing and
zeolite absorption. The plant operation was run successfully
for 8 days and membranes used in this study yielded
consistent results. It was observed that shell-side feed
configuration was not very efficient in the MMS because the
fibers could damage or break with high pressure feed flow. A
bore-side feed configuration may give better results. Simu-
lations were conducted to estimate area and energy require-
ment for the pilot plant. Total capital investment and

production cost were estimated based on simulated data. The
membrane cost was considered 80 € m~? in the simulations
based on pilot-scale production at MemfoACT AS. However,
the brittleness of hollow fibers remained a challenge and the
total cost of the membrane was almost doubled when required
membrane area was installed and in operation at biogas fa-
cility. Hence, the total capital investment and production cost
increased only because of that extra membrane area needed.
However, the high recovery resulted in a lower operational
cost of the process which compensated to a certain extent for
the cost of the membranes. The running cost was much lower
(0.014 € Nm™ of biogas upgraded) than the polymeric
membranes (0.05 € Nm ™) reported in literature. The energy
consumption by the compressor and vacuum pump, product
(methane) purity, and methane were very much comparable
with the simulated results. As far as carbon membrane-based
biogas upgrading is concerned, the future membrane devel-
opment should focus on improved mechanical properties of
the membrane fibers and bore-side feed configuration should
possibly be applied.
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Abstract

A shift to renewable energy sources will reduce emissions of greenhouse gases and secure future energy supplies. In this context, utilization
of biogas will play a prominent role. Focus of this work is upgrading of biogas to fuel quality by membrane separation using a carbon hollow
fibre (CHF) membrane and compare with a commercially available polymeric membrane (polyimide) through economical assessment. CHF
membrane modules were prepared for pilot plant testing and performance measured using CO,, O, N,. The CHF membrane was modified
through oxidation, chemical vapour deposition (CVD) and reduction process thus tailoring pores for separation and increased performance. The
post oxidized and reduced carbon hollow fibres (PORCHFs) significantly exceeded CHF performance showing higher CO, permeance
0.021 m? (STP)/m2 h bar) and CO,/CHy selectivity of 246 (5 bar feed vs 50 mbar permeate pressure). The highest performance recorded through
experiments (CHF and PORCHF) was used as simulation basis. A membrane simulation model was used and interfaced to 8.6 V Aspen HYSYS.
A 300 Nm*h mixture of CO,/CH, containing 30—50% CO, at feed pressures 6, 8 and 10 bar, was simulated and process designed to recover
99.5% CH,4 with 97.5% purity. Net present value (NPV) was calculated for base case and optimal pressure (50 bar for CHF and PORCHF). The
results indicated that recycle ratio (recycle/feed) ranged from 0.2 to 10, specific energy from 0.15 to 0.8 (kW /Nm?(eeq) and specific membrane
area from 45 to 4700 (m?/Nm®g.q). The high recycle ratio can create problems during start-up, as it would take long to adjust volumetric flow
ratio towards 10. The best membrane separation system employs a three-stage system with polyimide at 10 bar, and a two-stage membrane
system with PORCHF membranes at 50 bar with recycle. Considering biomethane price of 0.78 $/Nm?> and a lifetime of 15 years, the techno-
economic analysis showed that payback time for the best cascade is 1.6 months.
© 2016, Institute of Process Engineering, Chinese Academy of Sciences. Publishing services by Elsevier B.V. on behalf of KeAi Communications
Co., Ltd. This is an open access article under the CC BY-NC-ND license (http://creativecommons.org/licenses/by-nc-nd/4.0/).

Keywords: Carbon membrane; Biogas upgrading; Techno-economical analysis; NPV calculations

1. Introduction [2—4]. Development and use of renewable energy have
become of major importance for long-term sustainability. By
the year 2020, it is predicted in a Swedish case study that

almost 20% of energy will be produced from renewable

Combustion of fossil fuel to meet the ever-increasing en-
ergy demand has resulted in depletion of natural resources

[1]. At the same time, greenhouse gas emissions, especially
CO, produced by combustion of fossil fuel, is a major source
of the contribution to global warming and climate change

* Corresponding author.
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sources [5].

Biogas produced by microbial digestion of farm waste or
sewage waste contains high concentrations of methane, which
could be combusted to meet the energy and power demands.
The biogas produced by microbial digestion of waste consists
of several gases among which CH4 and CO, account for most

2468-0257/© 2016, Institute of Process Engineering, Chinese Academy of Sciences. Publishing services by Elsevier B.V. on behalf of KeAi Communications Co.,
Ltd. This is an open access article under the CC BY-NC-ND license (http://creativecommons.org/licenses/by-nc-nd/4.0/).
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of the volume fraction. Other gases including H,S, N,, O, and
water vapours coexist in traces. Depending upon the raw
material, digestion procedure and process condition, the CO,
concentration in biogas can reach up to 50%. This high con-
centration of CO, significantly reduces the calorific value of
biogas [6—9]. The produced biogas needs to be enriched in
methane (CH4 > 95%) by removing CO, and other impurities
from the gas [10,11].

The CO, can be removed from a gas stream by many
different techniques. Some of the most investigated techniques
for the upgrading of biogas involve CO, capture by physical or
chemical absorption in liquid, pressure swing adsorption,
membrane technology or cryogenic separation [7,12—16].
Among all these techniques, membrane technology offers
several advantages like the compact modular design, small
footprint, low capital and operational cost, simple operation
and easy maintenance [17—19]. Due to these advantages,
biogas upgrading by using membrane technology has gained a
lot of attention. Much work has been done in the development
of a competitive membrane material for different gas separa-
tion applications during the last two or three decades. The
most important factor in membrane separation is the mem-
brane material. Different materials have been suggested, here
is only referred to a few representing both polymers and car-
bon membranes [20—23].

A novel carbon hollow fibre (CHF) membrane was syn-
thesized at NTNU using cellulose acetate as a precursor,
which was de-acetylated to cellulose prior to the carbonization
process. The CHF membrane showed high performance and
potential to become an economically viable solution for biogas
purification [24]. Their membrane showed high CO,/CH4
selectivity and good CO, permeance. These CHF membranes
were developed and tested on a pilot scale for biogas by
MemfoACT AS a company which has now closed down. The
CHF membranes showed promising results and attractive
properties for biogas upgrading under real test conditions at a
biogas plant in Southern Norway. The modules of 2 m? area
were made to test the membrane performance at the pilot
plant. The plant was capable of processing 20 Nm’/h of
biogas. CHF membrane modules with feed on the shell side,
showed weak mechanical properties when tested at high
pressure, and many broken fibres inside the module were
observed. Secondly, the potting which should bind that many
fibres together at high pressure was not god enough and more
research was needed. Modules with a small number of fibres (a
few cm? modules) tested in the laboratory showed good me-
chanical properties up to 70 bar. CHF membranes displayed a
COy/N, selectivity of 30 with a CO, permeance of 5.5E-
3 m*(STP)Ym? h bar. A further modification was done by
applying oxidation, CVD, and reduction process on CHF
membranes, which dramatically increased the CHF membrane
performance (CO,/N, selectivity of 82 and CO, permeance of
2.1E-2 m*(STP)/m? h bar).

The major separation in biogas upgrading process is CO,/
CH,4 separation. The membranes for CO,/CH, separation are
based on solution-diffusion mechanism, there is usually a
trade-off between CO, separation selectivity and permeability.

The Robeson plot in Fig. 1 shows that a membrane with high
CO, selectivity usually has low permeability [25.26].

The process to produce biomethane should be inexpensive
and simple to control. Commercially available membranes for
CO,/CH, separation are mostly polymeric membranes, and
these membranes do not have high enough separation factor
(selectivity) to achieve a high recovery of CH, in a single
stage. The amount of energy required for biogas upgrading is a
key factor when selecting a technology for this purpose. Due
to low selectivity but high permeance of commercial mem-
branes, big recycle stream has to be treated if high recovery
(99.5% of CH,) and pipeline spec (97.5% CH,) has to be
reached in the two-stage system. This results in high costs due
to the compressor price and compressor duty while in opera-
tion. The process operating cost can be reduced by optimiza-
tion of feed pressure, inter stage pressure and recycle flow. A
three-stage membrane separation could also be helpful to
achieve high recovery and purity; however, operational
complexity regarding intermediate pressure and biogas com-
ponents concentration, suggest that adjustment of these vari-
ables is the key towards optimization. Plasticization inhibits
the polymeric membranes to a threshold pressure [27],
whereas CHF membrane has shown a stable performance and
no plasticization up to 50 bar or even higher [28,29].

Many researchers have been conducting Simulations and
modelling of multi-stage membrane systems to evaluate and
optimize membrane systems for CO, capture [30—37]. Baker
et al. [17] have provided a guideline for conducting simula-
tions on commercially available membranes, which also shows
the comparison between membrane system and amine ab-
sorption process. Baker suggested that membrane technology
is suitable in small (less than 6000 Nm>/h) and medium scale
(6000—50,000 Nm>/h) processes.

This study intends to demonstrate biogas upgrading with
membrane separation technology. Permeance and selectivity of
gases in polymeric membranes for biogas upgrading is

10
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Fig. 1. Robeson upper bounds for CO,/CH4 membrane separation [31].
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abundantly available in the literature. However, similar data for
carbon membranes has seldom been reported. Various modular
configurations containing membranes with different CO, se-
lectivities, have been investigated in the current study, using
HYSYS simulations for optimal performance and minimum
energy consumption. Considering that the membrane separation
system fulfils the German national standard for biogas as
vehicle fuel, the evaluation focus to achieve 99.5% CH,4 re-
covery and 97.5% CH, purity. The important parameters such as
compressor duty, recycle ratio (recycle/feed) and membrane
area are discussed. In the end, techno-economical evaluation of
the entire plant, including running costs and net present value
(NPV) have been calculated. The purpose of this study is to
present an economically viable scheme to upgrade biogas by
using membranes with high CH, recovery. Biogas composition
depends on the source of the gas as shown in Table 1 [6].

2. Material and methods
2.1. Materials

Acros Organics (Belgium) supplied cellulose acetate (CA)
and 1-Methyl-2-pyrrolidinone, while 99.5% (NMP) and PVP
(Polyvinylpyrrolidone) were purchased from Sigma—Aldrich
(Norway). Ionic exchanged water was used for coagulation.

2.2. Hollow fibre preparation

Using a dry-wet spinning process at commercial scale plant,
delivered by Philos Korea, cellulose acetate hollow fibres
(CAHFs) were spun from a dope composed of CA/NMP/PVP.
CAHF were soaked in water and glycerol solution respectively
after the spinning process. CAHF were deacetylated with
NaOH/isopropanol/water solution and then dried in a humidity-
controlled environment. Carbon hollow fibres (CHFs) were
prepared by the carbonization of deacetylated CAHF in the
presence of CO, and N,. Details of this membrane preparation
are given in the patent held by Hagg and Lie [24].

2.3. Modification

The pore size of CHF membrane, already mounted into a
module with stainless steel casing, was tailored to enhance the
membrane separation properties. The Fig. 2 illustrate the steps
followed in this work, as also reported in the patent held by
Soffer et al. [38]. The durability, mechanical stability at

Table 1

Biogas composition from various sources [6].

Component Farm plant Sewage digester Landfill
CH, 55—58 61-65 47-57
CO, 37-38 34-38 37—41
N, Trace Trace 1-17
0, Trace Trace 02
H,S <1 <1 <1
H,O 4-17 4-17 4-17
Aromatic hydrocarbon Trace Trace Trace

operating conditions and separation efficiency of CHF mem-
brane increased appreciably after oxidation and reduction
process (PORCHF). The first oxidation step will produce quite
large membrane pores with fairly low selectivity, then chem-
ical vapour deposition (CVD) was performed using propylene
to coat the membrane surface with a thin polymeric layer
closing the pores again. The oxidation process was then
repeated to open (tailoring) the pores in the newly formed
layer to fit the molecular sieving of the gases in question (here
CO,—CH,), finally followed by a reduction process, which
reduced the aging of the membrane by stabilizing the pores.

2.4. Transport mechanism and membranes used in this
work

The mass transport properties of CHF and PORCHF were
measured with the single pure gases CO,, O, and N, at different
feed pressure and experiments were carried out without sweep
gas on the permeate side. He et al. has performed the mixed gas
experiments on the same type of carbon membrane (same pro-
tocol) and results indicated that the membrane performance for
CO, separation is the same or even higher in some cases for
mixed gas as compare to single gas separation [39]. Due to fire
hazard limitations, CH4 was not tested at membrane production
facility, only in the lab. Therefore, the values for CH,4 gas are
estimated values (three times of N, selectivity) in this work
based on work done by He et al (Fig. 6 of the article) [39]. The
performance of the membrane was evaluated by measuring the
CO, permeance in m3(STP)/(m2 h bar) and CO,/N, selectivities
() using the Egs. (1) and (2).

qp,i _ qpyp.i — Ji :5 (1)
A (pixi — l’zyi) A (P/;xi —Pyi) (phxi — i) l
P,
o« =— 2
P @

where J (m*(STP)/m? h) is the flux of gas component i, g, is
the volume of the permeating gas (i) (m3(STP)/h), P; is the
permeability of gas component i ((m3(STP)/m2 h bar), P, and
P, are feed and permeate side pressures (bar), x; and y; are the
mole fractions of component i on the feed and permeate sides
and A,, (mz) is the membrane area [36].

A benchmarking polymeric membrane is considered for
comparison, as a future biogas upgrading membrane with a
1 pum thick selective layer, having a permeability of 100 barrer
and a selectivity of 100 for CO,/CH,4, which is above Robeson
upper bond 2008. Gas permeation properties of CHF and
PORCHEF with other membranes used in the simulation of this
work, are shown in Table 2.

3. Process description and simulation method
3.1. Pre-treatment of biogas

As shown in Table 1, raw biogas contains several impu-
rities, like water, dust, H,S, CO,, siloxanes, hydrocarbons,
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Oxidation CVD
(Opening pores) (Surface coating)

Oxidation Reduction
(Opening pores) (Stabalization)

Fig. 2. Steps followed for membrane pore tailoring.
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Fig. 3. Single stage membrane process.

NHj3;, oxygen and several other components that must be
removed in order to increase the membrane lifetime to avoid
corrosion of the upgrading system and to comply for the
biogas being approved as biomethane for vehicle fuel. Some
membrane materials like polyimide have high permeability
and can work in the presence of components which often are
harmful to the membrane, like H,S and H,O [41]. As shown in
Table 1, Impurities like H,S and aromatic hydrocarbons need
to be removed before biogas encounter the carbon membrane.

Biogas is usually saturated with water, and the amount of
water which needs to be removed depends on how much water
is allowed to enter into the compressor and membrane system.
This water can be removed before entering the compressor or
after membrane separation prior to high-pressure compression
for vehicle fuelling or pipeline requirements. In the case of
carbon membranes, less than 30% relative humidity (RH) is
acceptable [29]. However, the presence of water may influence
the separation of the other components, and it was documented
that the permeability of N, increased and CO, decreased for
CHF and PORCHF at 50% RH. When the fibres were again
dried, it was observed that the permeability of CO,, N, and
selectivity of CO,/N, slightly increased as compared to the

initial values before the membrane was exposed to high
humidity.

Biogas can contain up to 3000 ppm H,S, which is a very
high amount to expose the membranes to. Different techniques
are used to remove sulphur from biogas: silica gel, activated
carbon, iron sponge and biological filtration. Polyimide
membranes, unlike CHF and PORCHF, have high H,O and
H,S permeability, which make it suitable for biogas upgrading
process without special pre-treatment as these components
will permeate with CO, [42]. However, biomethane as a
vehicle fuel (German legislation) demands sulphur contents
below 4 ppm and water dew point of —10 °C at 200 bar, which
require pre-treatment in both carbon and polyimide membrane
separation process as considered in this work. It can be ex-
pected that biogas contains traces of organic components such
as alkanes, halogenated hydrocarbons, ketones, aromatic
compounds, siloxane, alkyl sulphides and alcohols depending
on the substrate used for anaerobic digestion [42,43]. Toluene,
an aromatic hydrocarbon, is usually detrimental to the mem-
brane, and it significantly decreased CO, permeability and
CO,/N, selectivity when tested at 100 ppm for CHF. The
PORCHF membrane showed a significant increase in perme-
ability of CO,, whereas selectivity of CO,/N, decreased.
Heptane showed the similar effect as toluene when tested
1000 ppm for both CHF and PORCHF. However, the presence
of methanol significantly lowered the permeability and CO,/
N, selectivity in both CHF and PORCHF. The presence of 300
ppm toluene on polyimide membranes decreased the CO,
permeability significantly and a slight decrease in CO,/CH,
selectivity was observed by Wind et al. [44]. Many of these
components have not yet been tested and will need further
investigations. With the presently available membranes, it was

97%

Feed Gas
- 3

Stage. 1 Biomethane
Membrane >

Compressor

Permeate 1

Stage. 2
Membrane

Permeate 2

v

Z Q1ejusloy

Recycle stream

Fig. 4. Two stage membrane process.
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Fig. 6. A three-stage membrane system integrated into Aspen HYSYS.

concluded that pre-treatment is needed before the membrane is
exposed to biogas.

3.2. Membrane configurations

3.2.1. Three cases

Membrane processes may vary with respect to operational
units, their arrangement and applied process conditions. Three
different cases were evaluated in this study.

3.2.1.1. Single stage membrane process. A membrane system
using only one stage to separate biogas for required methane

recovery and purity has been simulated. Polyimide membrane
is a commercially available membrane with modest selectivity,
and in order to judge the separation performance of this
membrane, using only one stage simulation at 10 bar feed
pressure is evaluated (Fig. 3).

3.2.1.2. Two-stage membrane process. To maximize the re-
covery of biomethane from biogas, a two-stage system has been
simulated using all four membrane types with different selec-
tivities. The permeate from the first stage enters into the second
stage membrane to recover more CH,. Retentate from second
stage mix with feed in the form of recycle stream prior to the

Table 2
Gas permeation properties used in this work.
Membrane type Permeance, (m>(STP)/(m? h bar)) Single gas selectivity Ref.
[GPU], (m*(STP)/(m” h bar)) 1 GPU = 2.736E-3
CO, CH, N, CO,/CH,4 CO,/N,
Polyimide hollow fibre 5.6E-2 [20.5] 1.7E-3 [0.62] 6.0E-4 [0.22] 33 31 [40]
CHF 5.5E-3 [2.02] 6.1E-5 [0.0224] 1.8E-4 [0.0673] 90 30 This work
PORCHF 2.1E-2 [7.75] 8.6E-5 [0.0315] 2.6E-4 [0.0943] 246 82 This work
Benchmarking polymeric 1.4E-2 [5.01] 1.4E-4 [0.0501] 4.1E-4 [0.15] 100 33 See text

membrane
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compressor for better CH, recovery (Fig. 4). There is no
compression between the stages and the pressure of permeate 1
is adjusted with flow valve at Retentate 2. The pressure at
permeate 1 was kept at a constant value for the specific feed
pressure, obtained with formula as shown in Eq. (3). The basis of
the formula is to maximize the pressure ratio (hence maximum
perm purity) on both stages simultaneously by setting the
interstage retentate. It was observed that the intermediate
pressure value acquired, gave optimized membrane area for
required purity and recovery of CHy.

Pimerstage =/ (Pfeed 'Ppermea[eZ) (3)

3.2.1.3. Three-stage membrane process. A three-stage mem-
brane system may give better separation and reduce energy
demand [45]. A three-stage configuration is shown in Fig. 5.
Evonik Fibres Gmbh has applied for the patent of this
configuration, and according to the patent, no one but Evonik
can use a membrane with a CO,/CH, selectivity of 30 or
higher on the first stage [46]. Considering this patent is
accepted, the energy demand of the process may increase by
0.027 kWh/Nm? for other membrane providers. The three-
stage system is simulated and economically evaluated here
by using polyimide membranes.

3.3. Simulation basis

¢ NTNU has an in-house membrane simulation model
(Chembrane) which can easily be integrated into Aspen
HYSYS. This model uses fourth-order Runge—Kutta
method to calculate the flux along membrane length, and
then iteration over permeate values to converge to a so-
lution. ChemBrane model is integrated into 8.6 V Aspen
HYSYS for all simulations in this work.
Countercurrent gas transportation without sweep on
permeate side has been used in all hollow fibre membrane
modules. Literature data shows that counter current flow
exhibits the superior separation and uses lowest membrane
area in hollow fibre module design. This module design is
very efficient and has a high packing density (can be up to
30,000 m*m? for certain designs) [47].
The Peng Robinson sour fluid package was used.
In order to run the simulations smoothly, only separation of
the main components CH4 (50—70%) and CO, (50—30%) is
considered in the gas stream entering the membrane system.
But techno-economic evaluation includes H,S removal,
water removal and dust removal system.
Intermediate pressure (inlet pressure for the stage 2
membranes in two-stage configuration and inlet pressure
for the stage 3 membranes in three-stage configuration) is
kept same for different membranes to balance the
complexity of the system. Effect of intermediate pressure
and sweet gas has already been studied by Deng et al. [31].
e The adiabatic efficiency of the compressors is modelled as
75%.

3.4. Process conditions

A water-saturated biogas stream of 300 Nm'h with
3000 ppm of H,S is considered as a base-case. Biogas enters
into biological H,S remover for bulk removal down to be-
tween 50 and 100 ppm and passes further through activated
charcoal, where H,S is taken down to below 1 ppm. The
refrigeration process followed by zeolite molecular sieve is
used to remove water from biogas in order to achieve a dew
point of —10 °C at 200 bar. Biogas is compressed (single stage
compression is used in simulations but multi stage compres-
sion with inter stage cooling is considered in cost calculation)
to required feed pressure (6, 8, 10 bars and all pressure values
are absolute in this work) and then filtered to remove dust and
oil droplets before entering the membranes. Biogas is fed to
the membrane and the resulting biomethane is compressed up
to 250 bars before it is stored for further usage as a vehicle fuel
(see Table 3). A three-stage simulation using ChemBrane
model in Aspen Hysys is shown in Fig. 6.

3.4.1. Effect of N,

Using biological desulfurization may result in the addition
of air components in the biogas stream. CH4 and N have close
selectivity value for commercially available membranes,
which makes it difficult to remove N, from CHy to achieve
required CH, purity. CHF membranes and PORCHF mem-
branes have shown CH4/N, selectivity of 3, making it less
vulnerable to N in the gas stream. Only PORCHF membrane
with the two-stage system has been simulated including N,.
The intermediate pressure needed some extra optimization to
get required results. N, concentration in feed and operating
conditions is shown in Table 4.

3.5. Cost estimation and economic parameters

Accurate economic assessment of any process depends on
available design details, a method of analysis used for
calculation and accuracy of available cost data. Therefore,
the economic calculations may differ considerably, as they
are justified by the data available and also cost model. An
economic evaluation was performed to assess the different
membranes and their configurations, by taking capital cost,

Table 3
Process conditions and feed composition used in this work.

Process conditions used in simulation

Feed composition 30—50% CO,, balance CH,4

Feed flow rate (Nm’/h) 300

CH, purity in product (%) 97.5

CH, recovery (%) 99.5

S total <4 ppm

Water dew point —10 °C at 200 bar
Feed pressure (bar) 6, 8, 10
Intermediate pressure in two stage (bar) 2.45,2.82,3.16
Intermediate pressure in three stage (bar) 245,282, 3.16
Flow pattern in membrane module Countercurrent

Biogas delivery pressure (bar) 250
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Table 4

N, concentration in feed and operating pressure.

N, in feed Feed pressure Intermediate pressure
% bar bar

0 10 4.24

0.5 10 4.24

1 10 37

1.5 10 3.55

2 10 2.95

2.1 10 2.95

operating cost, pre-treatment cost and high-pressure

compression (CBG) cost into account. A high recovery of
biomethane is achieved, resulting in a very small fraction of
CH,4 loss with permeate stream (CO,). Thus CO, obtained
on permeate side is 99% pure and could be used for other
applications. The price for the CO, is not considered in this
economical assessment. Table 5 is showing process param-
eters for economic assessment of a biogas upgrading
process.

4. Results and discussion
4.1. Membrane configurations

A constant pressure of 10 bar was applied to the feed gas
with different CO, concentration to see the influence on re-

covery and membrane area. The result (Fig. 8) shows that
methane loss is high up to 17% when 30% CO, is present in

Table 5

the feed at the applied operating conditions, and methane re-
covery decreases with increase in CO, content in the feed as
shown in Fig. 7. The single stage system, as expected gives the
lowest recovery; therefore, multiple stage system with recycle
is discussed in the further results.

The feed pressure has a big effect on required membrane
area for different CO, concentrations in the feed as shown in
Fig. 9. The results show that higher the CO, present in the
feed, less area is required in this case to reach the targeted
product (CH,) specifications. Area needed at low feed pressure
(here 6 bar) is more sensitive to the feed concentration. Fig. 9
demonstrates the required area for a two-stage separation
system of polyimide membrane with varying CO, loadings
under a set of applied pressure. Results indicate that required
area per Nm® of feed gas under different concentrations of
CO, in the feed is three times higher when operating feed
pressure is decreased from 10 bar to 6 bar. The effect of CO,
concentration in the feed gas is more sensitive at low pres-
sure—this is as expected in this range when considering the
basic equations.; here it shows the decline in required mem-
brane area from 175 m*Nm® to 125 m?*Nm® when increasing
from 30- to 50% CO,, whereas, at 8 and 10 bar pressure, the
area is almost constant. The product purity is affected by
selectivity limited region at 6 bar (Separation factor vs
permeate purity plot of Weller—Steiner equation [53]). When
the pressure is 8 bar or higher, the product purity is in the
pressure ratio limited region. Two-stage membrane separation
cascade using a polymeric membrane with CO,/CH, selec-
tivity of 100 is presented in Fig. 10.

Process parameters for economic assessment of biogas upgrading plant [51.52] ($ used in this work is US).

Total plant investment (TPI)

Polymeric membrane cost (PMC)
Carbon membrane cost (CMC,)

Installed compressors cost (CC)

High pressure compressor cost (CBGC)
Fixed cost (FC)

Base plant cost (BPC)

Project contingency (PC)

Total facility investment (TFI)

Start-up cost (SC)

TPI

Annual variable operating and maintenance cost (VOM)
Contract and material maintenance cost (CMC)
Local taxes and insurance (LTT)

Direct labour DL, cost based on 8 h/day
Labour overhead cost (LOC)

Utility cost (UC) ($/kWh)

VOM

Other assumptions

Membrane life for polyimide (t)
Membrane life for carbon (t)
Biomethane sales price ($)

Nominal interest rate (%)

Depreciation (t)

LCC/LCI factor (ordinary annuity factor)
Plant availability (%)

CO,/CHy in feed (%)

$ 20/m? [31,33.48.49]

$ 100/m?

$ 8700 x (HP/m)*™

Ceomp,ins = 912+ (Weomp)™ 313 £+ £+ fiyg [50]
PMC/CMC, + CC + PTC + CBGC

1.12 x FC

0.2 x BPC

BPC + PC

0.10 x VOM

TFI + SC

0.05 x TFI

0.015 x TFI

$ 15/h

1.15 x DL

0.07/kWh

CMC + LTI + DL + LOC + MRC + UC

7.5 years
5 years

$ 0.8/Nm’
6%

15 years
9.7122
96%
40/60
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Fig. 7. Schematic diagram of biogas upgrading system.
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Fig. 11. Two stage membrane separation cascade (CHF membrane, T: 23 °C).

Required area per Nm® of feed is lowest when feed pressure and a linear decline in required membrane area can be
is 10 bar and 50% CO, is present in the feed—this is ac-  observed for different CO, loadings. Maximum area is
cording to theory for solution-diffusion separation. Fig. 11 required when feed pressure is 6 bar and the feed concentra-
shows the results for two-stage CHF membrane separation tion of CO, is 30%. A similar trend is observed in the case of
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Fig. 13. Three stage membrane separation cascade (Polyimide membrane, T:
23 °C).

two-stage PORCHF membrane cascade (Fig. 12). Results
presented in Figs. 9—12 show that change in required mem-
brane area under a set of CO, loadings is significant when feed
pressure is low (6 bar). However, when pressure is high
(10 bar) the trend line looks almost straight for Fig. 9 and the
variation in the area (Figs. 10—12) is not very high. Fig. 13
shows the results for a three stage membrane separation
using polymeric membranes. In membranes, the performance
is a trade-off between selectivity and permeability, and pro-
ductivity is a function of material property and thickness of the
membrane [54]. Assuming a selective wall thickness of 1 pm
for polyimide membrane and 20 um for carbon membranes, it
was observed that carbon membrane requires >13 times larger
area when same operational conditions are applied as for the
polymeric membrane. A three-stage polyimide system re-
quires the lowest area, which is three times less than the two-
stage polyimide system. The area against different CO,
loadings shows a linear decline for CHF and PORCHF
membranes when CO, increases in the feed, whereas the curve
is more visible in case of three stage polyimide membrane.

4.2. Recycle stream and compression duty

Operating cost of a biogas upgrading process depends
largely on the compressor duty, and the recycle ratio (recycle/
feed) higher than 1 can increase this compression energy
requirement to a higher level. Results obtained by the simu-
lation of different membranes with two and three stage con-
figurations are plotted in Figs. 14 and 15. The Fig. 14 (a),
demonstrates the recycle ratio at 6 bar feed pressure, which is
seven for the two stage polyimide membrane system and it
would result in high operating cost; in the form of compres-
sion energy and also, a compressor with high capacity is
required to treat the total volume of the gas which would in-
crease capital cost as well. Whereas, the recycle ratio is below
one (Fig. 14 (a)) for PORCHF membrane system and the
compression duty required for this system is one fourth of the
amount required for two stage polyimide system as shown in
Fig. 15 (a). The efficiency of a membrane system increases
with high selectivity as it can be seen from the recycle ratio
and specific duty plots. The data shows that PORCHF having
highest selectivity gives lowest recycle ratio and the required
specific duty values. It was observed that the recycle ratio
decreases in CHF and PORCHF membranes unlike polyimide
membranes with high CO, present in the feed. It is very
important to choose an optimal point where capital investment
and running cost are low and the system is efficient at the same
time. The increasing of feed pressure to 8 bar results in lower
recycle ratio and energy demand. However, for two stage
polyimide membranes, recycle ratio is still quite high espe-
cially when 50% CO, is present in the feed as shown in Fig. 14
(b). The Fig. 15 (b) indicates that the specific duty required is
still four times higher for the polyimide membrane system as
compared to PORCHF system. Plasticization effect inhibits
polyimide membrane to go to high pressures [27], so
maximum pressure tested for polyimide membrane systems is
10 bar in this section of work, which shows high recycle ratio
in two-stage configuration as shown in Fig. 14 (c). The three-
stage system with polyimide shows recycle ratio about 1 for
8 bar and 10 bar simulations, and the specific energy demand
for three stage polyimide is double as compare to PORCHF
membrane system.

4.3. Effect of N,

It seems impossible to get fuel quality with this poly-
imide membrane if up to 2.5% N, is present in the feed
biogas, as infinitte membrane area would be required to
separate out 100% CO,, whereas PORCHF membrane can
tolerate more N, due to high CH4/N, selectivity as compared
to polyimide membrane as shown in Fig. 16. The curve of
area and duty in Fig. 16 is expected to be asymptotical,
which leads to infinite area and compression duty require-
ment in the presence of high N, percentage in feed biogas.
The presence of more N, would result in increased recycle
ratio to achieve required fuel (CH4) purity and recovery,
which again leads to high membrane specific area and
compression duty.
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4.4. Cost calculation

4.4.1. Processing cost

Processing cost has been considered as the sum of capital
and operating cost to calculate the price of compression duty
and area for membrane systems over 15 years. The Fig. 17
shows the processing cost of compression energy and area
per Nm?® of upgraded biomethane for a two-stage polyimide
membrane system. The effect of big recycle ratio can be seen
in the form of high processing cost here for two-stage poly-
imide system. Even though the membrane cost is quite low,
the cost of energy in capital investment and costs during
running time is very high. The required processing cost is
reduced to one-fourth by using a three-stage system for pol-
yimide membrane as shown in Fig. 18. The effect of mem-
brane efficiency is more prominent in Figs. 19 and 20 with
CHF and PORCHF membranes, showing considerably low
processing cost related to energy consumption, whereas the
effective membrane area required is five-fold higher than for
polymeric membranes. Considering $ 20/m> for polymeric

membranes and $ 100/m? for carbon membrane, results show
that membrane area can increase 30%—80% of total invest-
ment if optimal pressure is not applied on the upgrading
plant.

4.4.2. Net Present Value (NPV) calculation

The NPV calculation includes pre-treatment, upgrading
part and high-pressure compression on biomethane to the fuel
standard. Considering that different material has specific ad-
vantages, an optimal pressure value has been applied on both
carbon and polymeric materials to calculate the NPV in cost
estimation. Fig. 21 shows NPV at 10 bar pressure for poly-
imide two-stage and three-stage system. Carbon membranes
have shown a stable performance under different CO, load-
ings, with no plasticization up to 50 bar [28]. It can be seen
from the NPV results that optimal pressure for carbon mem-
brane is 50 bar or higher. For NPV calculations, 50% CO,
concentration in the feed is considered.

A three-stage polyimide membrane system has been
calculated to have a maximum NPV of $ 9.3 M at 10 bar,
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membranes. However, this price can be reduced by optimizing
the membrane production process (The production process
was not fully optimized for the pilot scale production of CHF
and PORCHF at the company MemfoACT).

an NPV of $§ 7.4 M. The resulting lower NPV value for
PORCHEF is due to high membrane cost and estimated for a
lifetime of 5 years in comparison with 7.5 years of polyimide

1
N, in feed (%)

Fig. 16. Effect of N, concentration in feed gas (10 bar, 23 °C).
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4.4.3. Sensitivity analysis

Assuming an optimized process producing PORCHF at a
price of $ 60/m? instead of $ 100/m> and a membrane lifetime
of 7.5 years will give NPV for PORCHF of $ 8.8 M. and
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applying 70 bar pressure, then it can increase NPV for
PORCHEF over $ 9 M as shown in Fig. 22.

5. Conclusions

In this study, it was found that the two-stage cascade pro-
cess with recycle using a polyimide membrane was not
economically viable for biogas upgrading due to high recycle
ratio, and thus resulting in high operating cost, whereas the
three stage polyimide membrane system is quite feasible in
order to obtain fuel quality of biomethane. Carbon hollow
fibre membrane and modified carbon hollow fibres produced
on a pilot plant were tested to obtain the same fuel quality in
two stage cascade, and these membranes consumed 22% less
energy as compared to three-stage polyimide system. The
drawback of these membranes is, however, the production
cost, which is 5-fold higher than the assumed costs of a pol-
yimide membrane. The optimization in the production process
and choosing an optimal operating pressure can reduce the
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capital cost for CHF and PORCHF membranes, whereas the
operating cost can be reduced by increasing the membrane life
through regeneration of carbon fibres by applying CVD pro-
cess if pore clogging is the problem. In the case of fibre
breakage, the broken fibres may be plugged in the module.
Instant boosting with electrical regeneration applying low
voltage and direct current (DC) has been documented as
successful, but the effect of this regeneration procedure on the
aging of the membrane is not sure.
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ARTICLE INFO ABSTRACT

Chemisorption of oxygen on the active sites of carbon layers limits the use of carbon membranes in air separation
application. A novel online electrical regeneration method was applied to prevent the active sites on carbon
surface to be reacting with O, while the membrane was in operation. This method reduced the aging effect and
the membrane showed relative stable performance with only 20% loss in O, permeability and 28% increase in
0,/N, selectivity, over the period of 135 days using various feeds containing H,S, n-Hexane and CO,-CH,4 gas.
The carbon membranes reported here were produced at the pilot-scale facility by the carbonization of re-
generated cellulose under optimized conditions to achieve good air separation properties. The permeation
properties of the membranes were tested by single gas separation experiments at 5 bar feed pressure (50 mbar
permeate) and temperature range 20-68 °C. It was observed that O, permeability is increasing exponentially
with increase in operating temperature without significant loss in the O,/Nj selectivity. The O, permeability of
10 Barrer (1 Barrer = 2.736E — 09 m>(STP)m/m? bar h) with O,/N, selectivity of 19 was achieved at 68 °C.
Thermal (80 °C), chemical (propylene) and online-electrical (10 V DC) regeneration approaches were studied to
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lessen the aging effect on carbon membranes.

1. Introduction

At present, the air separation market to produce pure oxygen (O:
95-99.99%) is dominated by cryogenic fractionation and pressure
swing adsorption because current membranes are not capable of eco-
nomically producing membranes with comparable purity [1]. The se-
paration is based on the difference in permeation rates of oxygen and
nitrogen through the membrane, and the performance of polymeric
membranes is restricted by the trade-off between permeability and se-
lectivity [2]. Polymeric materials may have a high permeability for O,,
but rather low O,/N, selectivity (usual range 2-8), and the maximum
permeate purity achievable for O, with these membranes seems to be
30-60% [3].

Carbon is one class of material that can offer improved performance
due to molecular sieving effect. In molecular sieving, the available pore
size is below the kinetic diameter of one of the gas components in the
feed. This characteristic of the material increases selectivity by reducing
the rotational degrees of freedom of nitrogen versus oxygen in the
diffusion (kinetic) transition state. Carbon membranes (CM) can be
prepared by carbonization of the precursor membranes at high tem-
perature (550-850 °C) under vacuum or in an inert environment (Ar, He
or N,). Gas permeation properties of CM are affected by the type of
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precursor and carbonization conditions. Many authors have reported
high selectivity and permeability of carbon membranes (CM) compared
to polymeric membranes for air separation [4-7].

Although CM have reported better performance compared to poly-
meric membranes, the operational stability and aging are the important
issues to be considered for the implementation of these carbon mem-
branes. CM usually age very rapidly due to physical aging (pore
shrinkage to achieve a thermodynamically stable structure and or
physical adsorption of gas molecules) and or chemical aging (chemical
bonding, usually C=0 bonds) [8-11]. This aging effect may seriously
reduce the permeability of a membrane and hence it is still a major
problem for the industrial application of CM in air separation where the
membrane is exposed to O, all the time.

Several techniques have been reported to achieve a stable perfor-
mance of CM under oxygen environment. Menendez et al. [11] used
thermal regeneration and found that thermal treatment of membranes at
120°C in a vacuum could remove oxygen-containing surface groups
from activated carbons. However, the regenerative effect is very brief
because it leaves a surface with reactive carbon sites that can re-adsorb
oxygen very quickly even at room temperature. Chemical regeneration
requires an addition of a chemical (gas) to restore the membrane per-
formance. Jones and Koros [12] tested purging of propylene at about
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10 bar to restore the membrane performance, however, the permeance
of O, was not successfully recovered.

Lie et al. [13] studied electrothermal regeneration to enhance the
permeation of CO, in iron-doped flat-sheet CM. They applied a direct
current of 30 mA (17.5V) on the iron-doped CM and studied the effect
of pulsating electrothermal regeneration (i.e. electric current set to “on
and “off” periodically). After electrothermal regeneration, the CO,
permeability was 65% higher compared to initial value because the
sorption of gases in carbon matrix was reduced, while diffusivity was
increased to a considerable extent. Nevertheless, the membrane without
any regeneration showed 60% loss in permeance of CO,.

The aim of the current study has been to exploit further the elec-
trically conductive nature of CM to enhance or stabilize the perfor-
mance of the membrane. The present paper focuses on the novel online-
regeneration method to prevent the reactive/adsorption sites by sup-
plying continuous electric current. The effect of “online electrical re-
generation (regeneration parallel with separation process)” on carbon
hollow fiber membranes has not been fully explored, and there is not
much information available on this topic. Hence, an online regenera-
tion (DC: 44-55 pA, 10V) was tested in this study to achieve a stable
performance of CM in air separation application. In addition, thermal
and chemical regeneration methods were also pursued to find an ef-
fective, simple, and economical solution to restore the membrane per-
formance. The term “Preventive electrical regeneration” (PER) is used
for the electric regeneration in this study. PER means a continuous
supply of electrical potential during membrane operation to prohibit
the molecules adsorbing on the membrane surface.

2. Theory and background
2.1. Structure of carbon molecular sieve

Carbon molecular sieve (CMS) is derived from organic thermoset-
ting precursors by heat treatment in vacuum or in an inert environment.
Geiszler and Koros [14] reported that an inert gas (Ar, He or N») at-
mosphere resulted in more open, but less selective CMS matrix com-
pared to vacuum carbonization. They explained this with acceleration
in the carbonization process due to increased gas phase heat and mass
transfer. By increasing the final temperature in polyimide carbonization
from 550 °C to 800 °C (in vacuum of He gas), the authors observed a
decrease in permeance while selectivity increased. Precursors for CMS
include thermosetting resins, graphite, coal, pitch, plants and synthetic
polymers [15].

Bisco and Warren [16] introduced the concept of turbostratic order
for graphitic carbons. The carbon consists of turbostratic groups, where
each group has several graphite layers stacked together roughly parallel
and equidistant, but with each group having a random orientation as
shown in Fig. 1(a). Packing imperfection between the stacked layers
contains slit-like pores which give rise to the molecular sieving
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structure and have a bimodal pore size distribution. The edges of ad-
jacent stacked layers are believed to make the slit-like ultra-micropores
(<0.7nm), while micropores (0.7-2nm) are formed between the
planes due to the random orientation of the adjacent carbon sheets [6].
The gases may diffuse through the pores, or they may adsorb on the
walls and travel through the pores by a mechanism known as surface
flow [17]. The bigger, more strongly adsorbed molecules may also
block the pores of smaller molecules in a phenomenon known as
competitive adsorption or selective surface flow. This results in reverse
selectivity; the smaller components are thus retained.

2.2. Electrical regeneration

The continuous medium of graphene sheets makes the CMS mem-
branes electrically conductive. As shown in Fig. 1(b), each sp®hy-
bridized carbon atom combines with three other sp>-hybridized atoms
to form a series of hexagonal structures, all located in parallel planes.
The fourth valency, that is, the free delocalized electron, is oriented
perpendicular to this plane as shown in Fig. 1(b). Unlike the sigma (o)
orbital, it is non-symmetrical and is called by convention a pi () orbital
[18].

An adsorbed gas, such as CO,, may be quickly and efficiently des-
orbed by the passage of a direct current (DC), thereby allowing for a
low-energy, electric swing separation system with operational simpli-
city [19]. The van der Waals forces between the carbon skeleton and
the adsorbent are disrupted or perhaps reversed by the electric current.
This interaction most likely results from the quadrupole moment and
the free electrons of CO,. As a result, adsorbed CO, is released or re-
pulsed from the micropore surface and desorption occurs. The same
effect may apply to other adsorbed gases.

Electrothermal desorption is a process where the heat is generated
inside the adsorbent. Hence, the heat and mass flux directions are the
same, i.e. from solid to the fluid, as opposed to traditional thermal re-
generation. Petkovska and Mitrovic [20] reported that electrothermal
desorption is more energy efficient than conventional desorption be-
cause the fluid temperature can be substantially lower than the ad-
sorbent temperature determining the adsorption equilibrium. They also
showed that same direction of heat and mass fluxes results in better
desorption kinetics. The ohmic heating enhancing desorption, probably
discourage adsorption at the pore entrances. For this reason, optimi-
zation of current cycle time, to stabilize or increase the permeability of
relevant gas is believed to be important.

The electrical resistance R (Q) can be evaluated from media re-
sistivity and its dimensions [21] as shown in Eq. (1).

L
R=2

et @

where p is electrical resistivity of the material (Qm), L is the length of
material (m), e is the width (m) and ¢ is the thickness (m). Resistivity is

2p orbital free
delocalized
electron

2p? sigma bond

Carbon
atomic
nucleus

Plane of
sigma orbitals

(®)

Fig. 1. (a) Structure of turbostratic graphite and (b) Schematic of sp hyberdized structure of graphite sheet showing 2p free electrons [18].
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defined as resistance times cross sectional area for the current flow,
divided by the resistor length [22].

Electro-swing adsorption has also been reported, this is a process
that takes place on beds of activated carbon material [23] and on ac-
tivated carbon honeycomb monoliths [24]. In the latter process [24], an
electrical current was applied to the activated carbon resulting in a
localized heating of the material, which is referred to as the Joule ef-
fect. This heating, in turn, caused desorption of CO,, much the same
mechanism as thermal swing adsorption. Electro-swing adsorption had
been applied commercially for removal of volatile organic compounds
but not yet for gas separation processes [25].

The rationale behind the study of preventive electrical regeneration
(PER) was to add ohmic heating (Ohm’s law) to desorb the molecules
and prevent new adsorption. Electric potential is a very strong driving
force compared to pressure. It was presumed that while introducing
electric current, the cross coupling of driving force and mass flow
would enhance the membrane flux by reducing the adsorption of gas
molecules on the pore edges.

3. Experimental
3.1. Preparation of carbon membranes

Carbon hollow fiber membranes were produced at a semi-com-
mercial scale production plant by carbonization of regenerated cellu-
lose precursor. Through an organized study of both precursor and
carbonization parameters, protocols were developed for dope solution
formation and carbonization process which are described elsewhere
[13,26]. Cellulose acetate (CA), which is a biodegradable semi synthetic
polymer (M,,: 100,000, ACROS, Belgium) was dissolved in 1-Methyl-2-
pyrrolidone (NMP: Mw 99.13, Merck, Germany), and then mixed with
polyvinylpyrrolidone (PVP: M,, 10,000, Sigma-Aldrich®, Norway) to
make a dope solution. CA hollow fibers were synthesized using dry-wet
spinning process using NMP and water mixture as bore solvent. The
prepared CA hollow fibers were then treated with a mixture of NaOH
and short chain alcohol to deacetylate the fibers. A tubular horizontal
furnace (Carbolite®, 3 zones split furnace) was used to carbonize the
deacetylated hollow fibers. These deacetylated CA hollow fibers were
carbonized at 550 °C under N, flow using heating rate of 1 °C/min with
several dwells and the final temperature of 550 °C for 2hrs. Carboni-
zation protocol is shown in Fig. 2 and procedure details can be found in
the patent [27]. The pilot-scale module construction procedure for CM
is reported elsewhere [28]. CMS is not a single material but a family of
materials where the achieved separation properties may be determined

by choice of precursors and processing conditions. Detailed
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Fig. 2. Carbonization protocol based on [27,31].
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characterization of the CMS membranes studied here are more closely
reported in references [13,22,29] using FTIR and SEM.

3.2. Gas permeation tests

Carbon hollow fibers (effective area of 0.004 m?) were mounted in
an in-house made module, using stainless steel tubing and Swagelok®
fittings. Gas permeation properties were tested using shell side feed
configuration with single pure gases N, and O, at 5 bar feed pressure
and vacuum on the permeate side. A set of temperature values, 20, 25,
35, 45 and 68 °C was applied to measure the temperature effect on O,
and N, permeances. A standard pressure-rise setup with LabView® data
logging was used for all tests. The experiments were run for several
hours to ensure that steady state was obtained. For each set of the
permeation tests with one temperature set point, the O, was run for ca.
2h followed by N, which was ca. 3h. Then system was evacuated
overnight before next set of experiments were started. The gas per-
meance P was calculated using Eq. (2).

_9.828V-(dp/dt)

T APAT )

Here, V is the permeate side volume (cm®) that can be measured
with a pre-calibrated permeation cell as reported by Lin et al. [22,30],
dp/dt is the collection volume pressure increase rate (mbar/s) and A is
the total active area of membrane (cm?), AP (bar) the pressure head and
T (K) is the temperature for experiment. The ideal selectivity is defined
as the ratio of the pure gas permeances as shown in Eq. (3).

Pa

Aa/B = 5~

Pg 3)

3.3. Aging and regeneration of carbon membranes

To study the enhanced aging effect on CM, the membrane was ex-
posed to a biogas containing three different concentrations of H,S as
shown in Table 1.

3.3.1. Thermal and chemical regeneration

Adsorption is an exothermic phenomenon; and as a consequence the
desorption is an endothermic phenomenon and energy must be supplied
to desorb the adsorbents [22]. A membrane module with stainless steel
housing was prepared using two carbon hollow fibers (0.0004 m? ef-
fective area) in the module. Single gas experiments for pure O, and N,
were performed at 30 °C (2 bar feed pressure and vacuum on permeate
side) to measure the reference permeability values. After determining
the initial permeability values of these two gases, both sides (shell and
bore) of the membranes were exposed to WCG for 24 h. The perme-
ability of pure gases was measured again to examine the possible aging
effects in the membrane.

The membranes were regenerated chemically using propylene. The
CM were flushed with propylene gas for 24 h and the single gas per-
meation tests were performed systematically after the exposure to de-
tect any change in membrane performance. After single gas tests,
thermal regeneration was applied by heating the membrane module.
The module was heated up to 80 °C and kept at this temperature for

Table 1
Different gas mixtures used to enhance the aging effect on CM.

Gas mixture name Gas composition

Synthetic biogas (SBG)

Worst case gas (WCG)

Real biogas field exposure
(RBG)

Air exposure during the
storage period

40 ppm H,S in a CO,-CH, mixture

1% H,S and 0.1% n-Hexane in biogas mixture
250 ppm H2S in biogas (source: microbial
digestion of slurry from waste water)

Ambient air with average relative humidity 40%
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Fig. 3. Experimental setup for electrical regeneration of carbon hollow fiber membrane module.

24 h to desorb the adsorbed gas molecules in the pore structure of the
membrane. Then final gas permeation tests were performed at 30 °C to
see the effect of thermal regeneration.

3.3.2. Electrical regeneration

Two new membrane modules with Acrylonitrile Butadiene Styrene
(ABS) housing were prepared containing two carbon hollow fibers (4
cm? effective area, OD: 198 um, wall thickness, ¢: 31 um) in each
module. A conductive glue (Eccobond 56C) was applied between
carbon hollow fibers and Swagelok® fittings on each end of the module.
The electric power source was connected (Alligator clips) to the ex-
ternal of the Swagelok ® fitting containing conductive glue on both
sides of one module as shown in Fig. 3. The second module (reference
module) was not connected to electric current. The conductive glue was
not gas tight enough at high pressure, hence another set of Swagelok®
unions were connected to a non-conductive glue on the outer section of
the module. Teflon tubings were used for feed, retentate and permeate
flows. Single pure gases were tested to determine the initial perme-
ability of the membranes.

Both modules with CM were exposed on both sides (shell and bore
side) to WCG for four days. Then “preventive electrical regeneration”
(PER) was performed on one module and the second module was used
as reference (RM) module (no electrical treatment). PER was conducted
using a direct current (DC) power source and an applied voltage of 10 V
which corresponds to about 45-55 pA measured amperage on carbon
fibers. The current was continuously applied during the whole ex-
posure.

Table 2 shows the steps followed during electrical regeneration of
the CM. As shown, single gas tests (O, N») were performed for both the
PER module (which is going to be regenerated electrically and current
is on during the test) and reference module (RM). Then both modules

Table 2
Electrical regeneration of CM and exposure to different gases (reported in
consecutive days from left to right). Single gas tests are O, and N».

Single gas WCG Single gas  WCG Single gas  RBG SBG

tests

PER 4days, novoltage 14days, no voltage 14days, no voltage
mod- 10V 1oV no
ule voltage

RM 4days, novoltage 14days, no voltage 14days, no voltage
mod- no no no
ule voltage voltage voltage
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were exposed to WCG for four days, with PER under 10V and RM
without any current. After four days voltage supply was turned off on
PER module, and both modules were tested for single gases. After the
single gas tests, both modules were again exposed to WCG for 14 days
keeping voltage supply “on” for PER module, and then tested again for
single gases afterward.

The CM modules were then installed at a real biogas plant for
14 days and exposed to the real biogas containing 250 ppm H,S. The
modules were disconnected from the biogas plant and reconnected to
the synthetic biogas in the laboratory for several days. The membrane
modules were then tested for single gases again to check if a stable
performance had been achieved after the preventive electrical re-
generation.

The electrical resistance of the carbon fibers was measured by a
handheld Ohm meter to calculate the specific conductivity of the
membranes. Carbon fibers obtained at different soak temperatures
(550 °C. 650 °C, 750 °C) were used to measure the electric conductivity.

4. Results and discussion
4.1. Experimental findings

The impact of temperature on O, and N, permeability at constant
pressure and feed flow rate is plotted in Fig. 4. The results reported are
from pure gas permeation experiments. He et al. has performed the
mixed gas experiments on the same type of CM (same protocol) and
results indicated that the membrane performance is same or even
higher in some cases for mixed gas as compared to single gas separation
[32]. Singh et al. [33] also confirmed that pure gas permeation prop-
erties were within 3% of mixed gas permeation properties for the
pyrolyzed hollow fibers. The trend in Fig. 4 shows that O, permeability
is increasing exponentially with increase in temperature which is also
comparable with an Arrhenius law type effect. The high permeability is
a result of high diffusivity and high solubility as well, and the increase
in O, permeability here indicates a more open molecular matrix aiding
O, flux. Whereas, change in N, permeability is quite modest with an
increase in temperature. Fig. 5 represents the selectivity of O,/N, at
varying temperatures. The carbon matrix is comprised of relatively
large pores interconnected by constrictions of negligible thickness that
approach the dimensions of diffusing molecules. In this case, penetrant
molecules require characteristic activation energies to overcome the
resistance at the constrictions. Hence, a small increase in activation
energy in form of high temperature increased the activated diffusion of
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0O, and N,. Permeation experiments were performed at 20, 35, 45, 50
and 68 °C in order of increasing temperature. Finally, the experiment at
25°C was performed (shown in Fig. 5) to see if the microporous
structure of the membrane had changed after a ten hours direct ex-
posure of the O, and finally altering the permeation properties. It was
observed that O,/N, selectivity increased to 31 as compared to values
at 20 and 30°C, which are 17 and 18 respectively. However, the
membrane permeability for O, increased slightly as compared to the
value at 20 °C and to some extent decreased for N,. The small numerical
value for the N, permeability causes this to be more vulnerable to
fluctuation in the leak-rate of the setup (measured at the beginning of
the test series). Hence the measured value of an O,/N, selectivity of 31
at 25°C is most likely an experimental out-layer. Fresh carbon mem-
branes, prepared with similar protocol, were tested at 25 °C and an O,
permeability of 32 Barrer was measured and O,/N, selectivity was 10.

Hayashi et al. [34] exposed the CM (carbonized at 700 °C) to air at
100 °C for 1 month and observed that membrane permeance increased
with increasing permeation temperature. They concluded that O, in the
air reacts with the membrane and forms oxygen-containing functional
groups, which are continuously decomposed to CO,. The formation and
removal of surface oxides gradually restructure the carbon layer and
somewhat narrow the micropores permanently. This effect was ob-
served in the present study as well by inclined in selectivity of O,/N,
without losing O, permeability when the membrane was tested at 25 °C
as shown in Figs. 4 And 5. As explained earlier, the permeance test at
25°C was performed after the membrane had gone through many
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exposures of O,, N5, and vacuum (6 days) at different temperature and
pressure conditions which helped the membrane micropores to re-
structure. The effect of temperature was not significant on the perme-
ability of Nj as it was observed for O,. Fig. 6 presents the Robeson
upper bound (2008) and as can be seen, the membrane performance for
all experiments reported here, are in the commercially attractive region
[2].

4.2. Regeneration

The permeation results referring to recently prepared membranes
could be very misleading if the change in results is very fast over time
(aging). A better evaluation could be achieved by adding a dimension of
time to the membrane performance plot. To attain a commercially at-
tractive membrane life, a stable performance is essential, and it can be
achieved by membrane regeneration process. A few techniques were
used here to restore the membrane performance.

4.2.1. Thermal and chemical regeneration

Results for the change in permeability of O, and N, after WCG,
propylene exposure and thermal regeneration of CM are presented in
Fig. 7. After 24h exposure of WCG, the permeabilities of O, and N,
declined by 30% and 40%, respectively. Chemisorption sorption occurs
only on active sites; therefore, it might be that the O, had already
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Fig. 7. Relative change in permeability and selectivity of O,/N, after chemical
and thermal treatment.
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penetrated the micro and ultra pores of the carbon structure and oc-
cupied a large fraction of the active sites and formed covalently
bounded O-bridges with the carbon. However, further blockage of pores
occurred by physiosorption when H,S, CO, and hexane molecules were
present in WCG and adsorbed on the carbon surface. The strong aging
may be explained by both a strong physiosorption of bigger molecules
on the carbon surface and chemisorption in the matrix.

Flushing the module with propylene for 24 h could partially (ca.
10%) restore the lost permeability for both O, and N, but selectivity
decreased further. Propylene acted as a cleaning agent by removing
adsorbed compounds from carbon surface and the exposure broadened
the membrane pores, thus reducing the resistance to the transport of O,
and N,. Physiosorption is usually a reversible process and heat of ad-
sorption is low, therefore, the increase in permeability might be only
due to the desorption of physically adsorbed molecules. The propylene
may interact with carbon matrix in two ways: Firstly, it may act as a
solvent, dissolving some or all the permeants that are sorbed in a carbon
matrix. Compounds that possess 7-bonds may also interact in another
way: The high electron density in the 7-bonds may cause repulsion
between the 7-cloud of the olefin and the 7-cloud of the graphene
layers making up the micropore. The result may be pore expansion and
increased permeability [35,36]. This may also explain the slight in-
crease in permeability of O, and N, over the exposure of propylene.

Thermal treatment of the membrane at 80°C for 24h could not
regain the lost flux. Instead, the permeability values for both O, and N,
decreased. It might be that all the reactive sites cleaned by propylene
were occupied again by the adsorption O, which blocked the pores and
ultimately decreased the permeability of both gases. The thermal lim-
itations of the used epoxy in module construction prevented the use of
elevated temperature in this study. Jones et al. [12] also reported that
90 °C thermal regeneration was ineffective to restore the membrane
permeation properties. The oxygen chemisorbed on carbon can only be
removed as CO or CO, at 600-800 °C. However, at this elevated tem-
perature, the carbon structure may be changed in two ways: sintering
(pore narrowing/closure) and gasification (pore widening). A stable
epoxy at elevated temperatures for module construction could have
helped to develop some thermal regeneration methods for the restora-
tion of the membrane permeation properties.

4.2.2. Electrical regeneration

The final carbonization temperature had a significant effect on the
specific conductivity of the material. The conductivity of resulting
carbon increased with increase in soak temperature as shown in
Table 3. The results in Table 3 shows that 550 °C is too low temperature
to yield electrical conductive carbon fibers. The resistivity of the carbon
hollow fibers, used in PER, was 0.022 Qm (from Eq. (1)) which was
somewhat higher than reported for activated carbons that is in the
range 0.001-0.006 Qm [37]. The resistivity can be used as measure of
porosity. Increasing the porosity causes the drop-in electron flow. For
characterizing carbon that have been treated in different ways, re-
sistivity is therefore a possible rapid indicator. The high resistivity of
CM may be defined by the high degree of porosity.

Electrical regeneration with 10 V DC yielded a positive effect for the
permeability of O, when applied while membrane was in operation and
being exposed to WCG, as shown in Fig. 8.

The permeability of O, increased by 15% but the effect did not last
long. Later, the membrane was stored in air for five days and the

Table 3
Final soak temperature and specific conductivity of resulting carbon fibers.

Soak Temperature (°C) Specific conductivity (1/Qm?)

550 83
650 5520
750 112,000
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membrane lost some of the permeability. After repetition of the elec-
trical regeneration along with WCG exposure did not gain the lost
permeability but rather it declined and lost 20% of the initial value
after exposed to WCG for 12 days. Almost similar effect was observed
for N, with 5% increased permeability in the first attempt of electric
regeneration, as shown in Fig. 9. It might be that the applied voltage in
2nd electrical regeneration treatment was not enough to disrupt the van
der Waals forces between carbon structure and adsorbed gases like O,
and CO,.

Although, the lost performance was partially regained after 10 days’
exposure to RBG and remained steady for next 3 months. But the ob-
served phenomenon is still unclear with respect to how the electric
current desorbs the absorbed gases.

The effect of applied current was instantaneous, indicating that
electrostatic repulsion was also active. Desorption or an instantaneous
change would not result only by Ohmic heating. Therefore, some other
factors could also be contributing in the results. One explanation for
this opposite behaviour of current could be that electro potential
driving force and cross coupled mass transfer were influencing the flux
through the membranes. Deconvolution of electric field effects and
heating effects on permeation is a challenging task. Mixed gas tests with
applied current will probably provide more insight to this problem. The
permeability of N, dropped in a continuous way after the first electrical
regeneration till the end of the run (130 days) by losing 60% of the
initial value.

The effect of PER was not significant compared to the RM and it
might be the WCG being too potent to be counter effected by the
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Fig. 9. Aging of CM under different environments and effect of electrical re-

generation on N, permeability.
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electric potential as conductivity of the fibers was already too low.
Nevertheless, the electrical regeneration performed in this study kept
the permeance of O, quite stable and only 20% drop in O, permeability
was recorded during 138 days of different exposures and storage. The
02/N, selectivity was 28% higher than the fresh membrane. The de-
creased flux of N, in PER may be explained by the effect of electric field.
With an electric field, cross coupling is generated, which reduces the
effective pore size (effect is larger for N,) but stimulates desorption
from pore walls (favorable for O, transport).

In the reference module, as shown in Fig. 9, N2 permeance was
almost doubled after 4 months resulting 45% drop in O»/N, selectivity.
The results from the module exposed to PER showed that the overall
performance was enhanced due to the online electrical regeneration,
however, the performance of RM reduced gradually over time.

5. Conclusions

Regenerated cellulose-based carbon hollow fiber membranes pro-
duced at the pilot-scale plant demonstrated competitive air separation
properties. Experimental results showed that elevated temperature
operations increase O, permeability without significant loss in O,/N;
selectivity. The prepared CM had reasonable performance over a time
span of about 5 months under harsh environments (air, H,S, n-Hexane,
CO,, CH,). Online preventive electrical regeneration (PER) enhanced
the O, permeability by eliminating the aging effect on the membrane
and the O,/N, selectivity was also increased.

When choosing a regeneration method, both energy demand and
ease of operation are key factors. Offline regenerations (thermal and
chemical) has the severe drawback of potential plant shut down. If this
interruption must be avoided, then one needs to have two sets of
membranes. One set can be regenerated while other is in use. Both
interruption of a process and or having a double set of membranes
mean extra cost.

Thermal treatment up to 80 °C was not very effective and use of very
high temperature would result in possible burnout of the carbon matrix.
Chemical regeneration requires the use of an additional chemical (if the
regenerating gas/vapor is not present in the feed stream), with the
subsequent evacuation of that gas/vapor after use, and offline opera-
tions.

“Preventive” electric regeneration is the most promising method if
its regeneration efficiency is reasonable because it operates constantly
online but requires a small amount of energy (0.86 uW/fiberm) and
simple equipment. It also has the possibility of high heating rates.
Deconvolution of electric or magnetic field effects and heating effects
on permeation is a challenging task. Mixed gas tests with applied cur-
rent will probably provide more insight to this problem.

However, it is important to note that aging behaviour of CM may
depend on the precursor and the manufacturing conditions used.
Carbon membranes with e.g. different structure and surface chemistry
will behave differently as also shown by other researchers.
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ARTICLE INFO ABSTRACT

Carbon membrane (CM) separation process for producing oxygen-enriched air (OEA) at a concentration of
50-78 mol% O, in a single stage process with no recycle stream has been investigated. This paper (Part II of a
two-part study) considers techno-economic analysis for O,-selective carbon membranes to yield the lowest
production cost of “equivalent” pure oxygen (EPO,) in a single stage separation process based on experimental
and predictive membrane performance. Aspen Hysys® interfaced with ChemBrane (in-house developed model)
was used to perform the simulations for air separation with CM. Three different approaches with respect to
pressure were investigated; (1) feed compression, (2) vacuum on permeate side and (3) combination of (1) and
(2). The simulation results and sensitivity analysis showed that with current performance (O, permeability: 10
Barrer (I Barrer = 2.736E — 09 m>(STP)m/(m? bar h)) and O,/N, selectivity: 18), mechanical properties, and
cost per m? of CM, it is economically most efficient to use the third approach “combination of feed compression
and permeate vacuum” to produce EPO,. A stage cut of 10% was found to be as an average economical optimum
when using vacuum pump (approach (2)) to produce OEA. However, the techno-economic analysis for the
reported CM showed that a stage cut of 0.15-0.2 was the most cost-effective while using compression approach
(1) or (3) to produce EPO,.

Keywords:

Oxygen enriched air
Carbon membrane
Simulations
Techno-economic analysis

1. Introduction

Cryogenic distillation is the most common technology to produce
high purity oxygen (> 99%) at large scale productions (100-300 tons/
day). Pressure swing adsorption (PSA) can reach up to 95% oxygen
purity and the requirement of sorbents limits the size capacity for small
to medium scale plant (20-100 tons/day), mainly due to high capital
cost. However, both cryogenic and PSA are considered as energy in-
tensive technologies [1,2]. Therefore, energy efficient methods with
low capital investment are required to separate the air into oxygen (as
enriched air or pure oxygen) and nitrogen.

Membrane separation is an attractive process alternative due to its
simple design, lower energy demand, smaller footprint, good weight
efficiency (light weight equipment compared to other technologies),
and flexible, modular design. However, compared to conventional
technologies commercially available polymeric membranes can not
economically produce high purity of O,. The performance of polymeric
membranes is restricted by the trade-off between permeability and se-
lectivity [3]. Polymeric materials may have high permeability for O,,
but rather low O,/N, selectivity (usual range 2-8), and the maximum
permeate purity achievable for O, with polymeric membranes seems to
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be 30-60% [4]. Nitrogen of purity up to 99.5% can be produced using
polyimide membranes (O»/N, selectivity of 9) [3,5]. Nevertheless, a
multi stage separation process with recycle stream is required to
achieve high recovery of N, which would add more cost and complexity
to the system.

High purity oxygen is difficult using membranes because of the high
content of nitrogen in the air, (79%) and the relative low selectivity of
0,/N, resulting in oxygen enriched air (OEA) in permeate, rather than
pure oxygen. Based on the performance of commercially available
polymeric membranes, the separation process is competitive only for
medium O, purity (25-40%) and small-scale plants (10-25 tons/day)
[4,6]. OEA is already used for numerous chemical processes (Claus
process, the Fluid Catalytic Cracking technology, the oxidation of p-
xylene to give terephthalic acid) combustion processes (natural gas
furnaces, coal gasification), medical purposes, and has more recently
also attracted attention for hybrid carbon capture process [7].

Carbon is a class of material that can offer improved performance
due to molecular sieving effect. In molecular sieving, the available pore
size is below the kinetic diameter of one of the gas components in the
feed. This characteristic of the material increases selectivity by reducing
the rotational degrees of freedom of nitrogen versus oxygen in the
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Nomenclature

List of symbols and abbreviations

Qi molar flow of i in the feed (mol/s)

P, permeance for i (m>(STP)m/m? bar h)
Py feed pressure (bar)

B, permeate pressure (bar)

Xif molar fraction of i in the feed side

Vip molar fraction of i in the permeate side
P permeance (m>(STP)m/m? bar h)

A membrane area (m?)

EPO, equivalent pure oxygen

OEA oxygen enriched air

n molar flow rate (moles/day)

T mass flow rate (tons/day)

CM carbon membranes

CMC carbon membrane cost

CC compressor cost (installed)
vC vacuum pump cost (installed)
PC production cost of EPO,

MRC membrane replacement cost
EC electricity cost

CRC capital recovery cost

LC labor cost

TLC total labor cost

VP vacuum on permeate side

FC feed compression approach
FC-VP  combined feed compression and vacuum on permeate side
Greek symbols

0 stage cut (q,/qg)

a membrane selectivity (O2/N5)

diffusion (kinetic) transition state. In addition, carbon membranes (CM)
offer superior thermal resistance and chemical stability in corrosive
environments [8]. Many prior studies have reported higher selectivity
and permeability of CM compared to polymeric membranes for air se-
paration [9-13].

In 1991, Bhide and Stern calculated the membrane performance
required to produce OEA at a cost competitive to cryogenically pro-
duced oxygen at $ 40-60/ton of equivalent pure oxygen (EPO,) [4].
They showed that none of the today’s polymers can reach the $ 40-60/
ton EPO, target. To reduce the capital and production cost (PC) of the
membrane-based process, both selectivity and permeability must be
improved. Higher O,/N, selectivity is required to reach the high purity
of O, with a lower driving force (partial pressure ratio) hence, the
operating cost will be reduced. A higher permeability of O, will cut the
required membrane area for the separation, therefore, low capital in-
vestment is needed. Much academic research is focused on producing
highly selective membranes, but if the membranes then have too low
permeabilities they are most likely not an optimum choice for the ap-
plication in focus. The carbon membranes reported here were experi-
mentally documented to have a high selectivity 18 for O,/N; and the
permeability of O, was increasing exponentially with increase in op-
erating temperature without significant loss in the selectivity [14].
Hence it was found that the separation process with these carbon
membranes may be optimized to achieve high purity O, with reason-
able capital investment and production cost. Predicting the cost of
carbon membrane modules is difficult because of the lack of commer-
cial precedent. Based on pilot scale production cost of regenerated
cellulose-based CM, this paper focuses on the techno-economical ana-
lysis of CM-based air separation process to investigate the viability of
CM in OEA market.

In order to obtain OEA economically with polymeric membranes,
feed compression is not considered a viable solution due to the high
energy cost. Some studies have concluded that applying vacuum on
permeate side corresponds to the lowest energy requirement whatever
the membrane stage cut is (6 = q,/q, defined as the ratio of permeate
flow rate to feed flow rate), because only the permeate stream has to be
processed which is a small portion of the feed [4,7]. However, in this
study we will compare the three compression approaches; feed com-
pression, permeate vacuum, and a combination of both feed compres-
sion and permeate vacuum. The simulation results and sensitivity
analysis show that with the present performance, mechanical proper-
ties, and cost per m? of CM, it is more economical to use a combination
of feed compression and permeate vacuum for small scale OEA pro-
duction.

This study is comprised of two parts. Part I of this study [14] de-
scribes laboratory testing of carbon membranes for air separation and
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regeneration techniques (thermal, chemical and electrical) to achieve a
stable performance of the membrane. The CM was shown to exhibit
single gas O,/N, selectivity of 18 and O, permeability of 10 Barrer (1
Barrer = 2.736E — 09 m*>(STP)m/(m? bar h)) at 68 °C. The permeability
of O, was increasing exponentially with increase in operating tem-
perature without significant loss in the selectivity. Part II of this study
(discussed here) examines the economic viability of carbon membranes
in the air separation market. Aspen Hysys® interfaced with Chembrane,
an in-house built membrane model was used for the simulations. Single
stage configuration with CMS membrane was optimized to attain a
simple process with minimum cost to produce OEA. The separation
properties of the prepared CM were predicted to achieve high O, per-
meability, between100 and 300 Barrer, by keeping the selectivity
constant. It has been documented that the assumption on the higher O,
permeability without sacrificing the O,/N, selectivity, may be achieved
by adding the nano particles in the precursor [15,16] or operating the
membranes at elevated temperature. The separation process was opti-
mized with respect to installed energy and membrane area to achieve
low production cost and total capital investment (TCI). The sensitivity
of the process towards membrane area, energy, membrane life time,
and membrane cost was investigated in the current study.

Simulation results indicated that these membranes may produce
78% Os-enriched permeate stream and at the same time obtain 15% O,
(hypoxic) retentate stream in a single-stage process when using com-
bination of feed compression and vacuum on permeate side. Although
retentate stream usage is not considered in the economic calculations,
the retentate stream may be used as hypoxic air (Air containing 15 vol%
0, is named as hypoxic air, and over the last years use of the hypoxic air
has increased in venting system to reduce the fire hazards. Further, in
multifunctional buildings, electrical appliance rooms and computer
rooms use of hypoxic air have been found to be essential to societal
important functions [17].

2. Background on membrane model and process simulations

Chembrane, an in-housed membrane model, based on mass transfer
equations for co-current, counter current, and a perfectly-mixed flow
configuration, was interfaced with Aspen Hysys® V9. The thermo-
dynamic fluid package that uses sour Peng-Robinson equation of state
was used to perform all the simulations for air separation with CM. For
a shell fed module, based on MemfoACT AS module design [18], the
counter-current configuration explains real behavior of gas flow as the
best. Therefore, counter-current configuration was also used in the
current study. However, other configurations and details of the model
can be found elsewhere [19].

A representation of module

membrane counter-current
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configuration is shown in Fig. 1.

The membrane was divided into m equal area, perfectly mixed
stages. Assuming a dense, symmetric membrane, the mole flux for each
component, i, on the feed side is given by:

dQy,; = P. (Py. xi5—F,. yi,p)'dA 1)

where Q; is the molar flow of i in the feed, P; is the permeance for i, P¢
is the feed side pressure, P, is the permeate pressure, x;¢ is the molar
fraction of i in the feed side increment, y; ; is the molar fraction of i in
the permeate side increment and A is the membrane area.

The counter-current configuration is complicated to solve, because a
concentration profile exists on the permeate side and the permeate exit
flows at j = 0 are unknown. An initial estimate for the concentration
profile is needed to solve the set of non-linear differential equations.
Since the permeate and feed flows are in opposite directions, Eq. (2)
may be stated:

dQgij = dQpj 2)

Instead of requiring an initial estimate of the steady state con-
centration profile, this model solves a total permeate pressure of zero in
the first iteration, for which the solution of the mole balance Eq. (1) is
insignificant (the value of the second term in parentheses is zero). The
permeate pressure is then increased by an increment. The concentration
profile generated in the first iteration is used to solve the system in the
second iteration. In this manner, the permeate pressure is increased
until the actual (steady state) permeate pressure is reached, with small
enough increments that the concentration profiles change slightly with
each increment. The method is analogous to starting up a membrane
module with full vacuum on the permeate side and allowing the pres-
sure to rise by throttling the outflow of permeate. The model uses
fourth-order Runge-Kutta method to calculate the flux along membrane
length and then uses iterations over permeate values to converge to a
solution.

3. Simulation basis and economic parameters
3.1. Experimental data

In this section, gas separation properties of CM, obtained through
experiments (Part I [14]), were used to simulate the optimal conditions
for production of OEA. The permeability and selectivity data for carbon
membranes are experimental data obtained at different temperatures,
5bar feed pressure and vacuum (10 mbar) on low pressure side, are
listed in Table 1.

The driving force is the difference in partial pressures of the com-
ponents on both sides of the membrane, and this difference is achieved
in the simulations by compressing the feed and/or reducing the
permeate pressure. The ratio between feed side pressure and permeate
side pressure (W = Ppermeate/Preea) iS @ key operating parameter that
effects both separation performance and energy requirement [20].

To achieve required pressure ratio in the simulations, three different
compression approaches as shown in Fig. 2(a)-(c) were used to obtain
the required energy and membrane area:

® Feed compression (FC); a feed compressor was used to compress the

Separation and Purification Technology 205 (2018) 251-262

Table 1
Experimental data for simulations.

Temperature (°C) 0O, Permeability (Barrer) Selectivity O»/Ny

20 2.98 18
35 4.58 18
45 5.88 19
50 6.41 19
68 9.93 18

(1 Barrer = 2.736E — 09 m*(STP)m/(m? bar h)).

air to 10 bar.

® Vacuum pump on permeate side (VP); No compression of the feed air,
a vacuum pump was used to create 10 mbar on permeate side of the
membrane.

® Combination of Feed compression and permeate vacuum (FC-VP); In
this case, feed air was compressed to 10 bar, and vacuum (10 mbar)
was used on permeate side of the membrane.

An ideal gas was considered in the simulations. CMs based on mo-
lecular sieving for mixed gases like O, and N, show separation prop-
erties which is equal to or better than single gases [21,22]. Counter-
current gas transport without any sweep on low pressure side was
modeled. The membrane process was broken down into 150 discrete
stages and the mass balance was determined iteratively for each stage.
Process simulations and economical assessment were done for a CM
unit which would increase O, concentration (based on permeation
values) in air from 21 mol % to between 50 and 78 mol % in a single
stage separation process (no recycle). A single stage membrane system
has many advantages; it is simple, compact and passive with no moving
parts, except some auxiliary equipments (compressor and vacuum
pump). The system is easy to operate when no recycle stream is present.
An optimal module design may require only one membrane skid for the
whole system and that would significantly reduce the module housing,
valves and piping cost. A single stage membrane system is flexible to be
linearly scaled up or down, however, scalability of multi stage system
with recycle stream is more complex due to involvement of parameters
such as inter-stage pressure and recycle ratio.

3.2. Equivalent pure oxygen, EPO,

The base for the O, production was taken to be 1 ton of EPO, per
day, and EPO, is the amount of pure oxygen that would be mixed with
air to make a mixture of OEA (n moles) of a specified O, concentration.
The molar flow rates of EPO, and OEA can be related by the simple
equation shown as Eq. (3) [4].

n EPO, _

0,021
n OEA

0.79 (©)]

Here “n EPO,” is the molar flow rate (moles/day) of EPO, and “n
OEA” is the molar flow rate (moles/day) of OEA, y,, is the oxygen mole
fraction in OEA.

In terms of weight, the flow rates (tons/day) of EPO, and of OEA are
related as shown in Eq. (4).

dA
e
! ! Qr,i:z Q«,x,:; =Qp,-dQ : ! ! !
] ] 1 [} ]
Feed \ \ \ dQ; \ \ \ \ \ Retentate
S A O I O I
T 1 1 T T T T T
b " ' 1 ¢ 1 ; 1 l('lpl Q.40 1 k 1 ' 1 ' 1 '
ermeate | | Qp,i,IZ ip=Qeiz-dQ 1 1 1 1 Sweep
1 1 1 [} 1 ] [} I
J=0 1 2 3 4 m-4 m-3 m-2 m-l m

Fig. 1. Counter-current gas flow configuration through a membrane [19].
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Fig. 2. Single stage process configuration, (a) FC approach, (b) VP approach, (c) FC-VP approach.
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Fig. 3. Single stage separation process in Hysys® simulations.
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TEPO, _ Y0,—0.21

TOEA ~ (0.0989y,,+0.692)

(4

Here TEPO, is the mass flow rate (tons/day) of EPO, and TOEA is
the mass flow rate (tons/day) of OEA, y,,, is the oxygen mole fraction in
OEA.

Fig. 3 presents the single stage process simulation diagram in
Hysys®. Pressure and feed flow are adjusted to optimize the trade-off
between membrane cost and compression duty cost, and finally to yield
the lowest production cost of EPO,. Permeate stream is an O,-enriched
stream (50-78% O,) with mass flow adjusted for 1 ton per day of EPO,.
Oxygen molar concentration varies in the retentate stream depending
on the stage cut, the area used, and feed pressure.

Considering an economically feasible scenario, O, concentration
ranges from 3% to 15% balanced with N in the retentate gas stream.
Although retentate is not considered in the economic calculations, the
retentate stream could be used as hypoxic air (15% O,) or in another
case as 97% N, stream as blanketing gas to prevent hazardous condi-
tions [17].

3.3. Predicted values of O, permeability

CM have superior thermal resistance compared to polymeric mem-
branes and can be operated at elevated temperatures. The reported
membranes showed exponential increase in O, permeability with in-
creasing temperature and according to Arrhenius model (extrapolation
of experimental data as in Table 1), the separation process at elevated
temperature between 190 and 205 °C using reported CM may achieve
high permeability of O, without sacrificing the selectivity. Another
solution may be to achieve high permeability by adding some nano
particles to the precursor [16]. Liu et al. [15] prepared a carbon/ZSM-5
nanocomposite membrane incorporating different weight% of nano
particles (ZSM-5) in the polyimide precursor and carbonizing it at
600 °C. They have reported experimental results at 25 °C which showed
an increase in O, permeability from 2.21 Barrer prior adding nano
particles to 499 Barrer with 16.7 wt% of the nano particles. The O,/N,
selectivity loss was only 9%.

Three permeability values; 100, 200, and 300 Barrer with constant
0,/N, selectivity of 18 were considered in the current work to in-
vestigate the effect on production cost of EPO, and total capital in-
vestment of the plant. Parameters and operating conditions used in si-
mulations are shown in Table 2.

3.4. Economic parameters

The cost of an installed membrane separation process is determined
by two contributions, the capital cost, and the operating cost. In this
cost analysis, capital cost includes membrane modules cost, compressor
cost, and vacuum pump cost. Whereas, operational cost involves
membrane replacement cost during the expected lifetime of the plant,
plus the power requirement for compression and vacuum pump and
labor cost. The economic evaluation of a given membrane separation
process can significantly vary depending on the method used for ana-
lysis, the cost of raw materials, equipment and utility cost, labor cost,
depreciation policy, interest rates etc.

The assumptions and parameters used in the present economic as-
sessment are shown in Table 3. CM module cost is considered $ 100 per
m? based on pilot scale manufacturing of CM [23]. Predicting the cost
of CM modules and life of the membranes is challenging due to the lack
of commercial precedent. The expected life of the membrane is con-
sidered as 5 years. However, based on pilot scale demonstration of CM
at biogas plant [24], it was observed that some of the CM modules may
experience fiber breakage (due to vibration or handling/shipping of the
modules) and therefore, cannot be used until repaired. Again, other
modules may perform well for longer time. The first-time installation of
membrane modules was included in the TCI. However, membrane
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replacement cost (MRC) was added in PC as a variable cost which is
proportional to plant’s operation rate. MRC was calculated based on
daily usage (1ton/day production of EPO,) via dividing the total
membrane area cost by total plant life (10 years) and then multiplied by
plant availability (90%). MRC, electricity cost, capital recovery cost,
and total labor costs were added to get PC of EPO,.

The techno-economic calculation is based on a small-scale plant
(1 ton/day). The membrane operation does not need continuous labor
inspection. Therefore, labor cost (LC) has been estimated as 8 hr/day
per 25 tons per day of EPO, The total labor was twice the labor cost
which includes: maintenance (5% of LC), supervision (15% of LC),
benefits (40% of LC), and plant overheads (40% of LC). This cost ana-
lysis considers a CM price of $ 100/m?, a depreciation rate of 10% for
the plant which includes compressor, vacuum pump, valves, and piping
(except membrane), and a return on investment of 12%/year.

The CM offer a high O,/N, selectivity of 18 to obtain O, con-
centration (50-78%) in a single stage process. However, carbon mem-
brane cost is much higher than polymeric membranes. The retentate
stream can be adjusted to obtain a required N, concentration in a range
between 84 and 99.5%. The assumptions made in this economic ana-
lysis involves many adjustable variables, therefore a sensitivity analysis
has been performed to determine the cost of EPO, which involves
variation in CM module cost, membrane life time, and operating tem-
perature which is directly related to membrane permeability.

4. Results and discussions
4.1. Simulations and economic assessment based on experimental data

Fig. 4 shows the effect of stage cut (q,/qg) on the O, concentration in
permeate and retentate stream while using different compression ap-
proaches. The O, concentration would be similar for FC and VP ap-
proach due to the same pressure ratio across the membrane in both
approaches. However, the concentration values are slightly different for
FC-VP approach. The concentration of 78 mol % O, at 0.1 stage cut is
obtained on the permeate side while using the FC-VP approach. In
addition, 15% O, was obtained in the retentate stream which is con-
sidered as hypoxic air. Although the retentate stream is not considered
here in economic calculations, it is still of importance while estimating
the full plant cost. At lowest stage cut value, the O, concentration in
permeate is highest but the flow rate of the permeate is very low be-
cause only a small fraction of the feed permeates through the mem-
brane. It can be seen in Fig. 4 that O, concentration is decreasing in
both permeate and retentate streams with an increase in stage cut. The
stage cut value of 0.4 gives 50mol % O, on the permeate side and
almost 99% N, in the retentate stream for the membrane with O,/N,
selectivity of 18.

Fig. 5 presents the energy requirement while using different com-
pression approaches. As can be seen FC and FC-VP approaches offer
maximum energy requirement at lowest stage cut. However, the energy
demand reduces up to 50% at stage cut of 0.25. The FC-VP approach
offers high energy requirement because a direct feed gas (air)

Table 2
Parameters used to simulate the single-stage air separation process.

Feed composition
Permeate flow rate
Permeate composition
Permeate pressure
Feed flow rate

Feed pressure

21 vol% O, 79 vol% N,

1 ton per day of EPO,

50-78 mol% of O,; balance N,

1 bar (10 mbar in vacuum mode)
variable

10 bar for FC and FC-VP approach,
1 bar for VP approach

Adiabatic efficiency of compressor and 75%
vacuum pump

* Feed flow rate and feed pressure are adjusted to optimize the membrane
area and compressor energy consumption.
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Table 3
Economic parameters used to calculate TCI and PC per ton of EPO, [4,25]

Total capital investment (TCI)
CM module cost: CMC

Installed compressor cost: CC
Installed vacuum pump cost: VC

$100/m?
$ 8700 x (“HP)"#2
$ 32,500 x (“HP/10)*°

Production cost (PC)

Membrane replacement cost: MRC at $ 100/m*
Electricity cost: EC $ 0.05/kWh
Capital recovery cost: CRC 0.25 x (TCD)
Labor cost: LC $ 15/hr

Production cost: PC MRC + EC + CRC + TLC

Other assumptions

Membrane life time

Annual depreciation of the plant except
membrane

5years
10% over 10 years

Annual Return on capital investment
Plant availability

Labor requirement

Total labor cost (TLC)

12%

90% (329 days/year)

8hr/day per 25 tons per day of EPO,
2 x1C

2 HP is the installed horse power for the installed compressor.

compression require a higher energy and in this context, using vacuum
pump at the same time will need even more power as shown in Fig. 5.
At the contrary, lowest energy requirement of vacuum pumping in VP
approach results from the fact that the permeate flow only has to be
pumped. The VP approach is an energy efficient process compared to
FC, FC-VP, and cryogenic distillation. The membrane area required for
a plant to produce one ton of EPO, per day is presented in Fig. 6. As
shown in Fig. 6, the membrane area is minimum at 0.1 stage cut for all
three compression approaches. At stage cut of 0.1, the area for the VP
approach is 10 times higher than for the FC approach and 15 times
larger compared to the FC-VP approach. Here comes the trade-off be-
tween membrane cost and energy cost while considering an econom-
ically viable process with lowest PC and TCI. Presently, carbon mem-
brane cost is very high, and it is more economical to operate the system
at higher pressure instead of using high membrane area which would
also result in extra piping, valves, and maintenance cost. In this sce-
nario, VP approach is not viable at even lowest value of membrane area
and energy which is at 0.1 stage cut.

Fig. 6 shows that increasing stage cut value from 0.1 to 0.25 would
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result in almost 65% rise in required membrane area for all three
compression approaches. Due to five years of averaged membrane life-
time expectancy, the total membrane area needs to be reinstalled again
after five years hence, the cost of membrane is directly related to PC
and TCI. On the other hand, the energy cost reduces to half for the FC
and FC-VP approaches at stage cut 0.25 and that ultimately would re-
duce the PC for these approaches. The desired production rate of EPO,
depends on both the oxygen concentration in the permeate stream and
the permeate flow. The trade-off between area and energy is optimized
here to get the minimum production cost per ton of EPO, at 1 bar in
single stage membrane process.

The plots in Fig. 7 present the production (PC) cost per ton of EPO,
(bar chart) and total capital investment (TCI) which is shown as scatter
plot for a carbon membrane based single stage air separation system at
68 °C. Only the optimal stage cut values with respect to the lowest
production cost per ton of EPO, for different compression approaches
are presented here. All three approaches are optimal at stage cut 0.1
when O, permeability is 10 Barrer. The cost per ton of produced EPO,
and the total capital cost is the minimum for FC-VP approach at 0.1
stage cut. This minimum value is the consequence of lowest membrane
area. Due to 5 years of expected membrane life, the one-time replace-
ment would increase the PC to very large value for the VP approach.
Higher TCI value results in high capital recovery cost which also adds in
PC. The TCI and PC for VP approach are more sensitive to the area than
energy due to low permeability at 68 °C.

Although the membrane performance is within the commercially
attractive region of Robeson plot as shown in Fig. 8, and FC-VP ap-
proach has lowest production cost $ 644/ton of EPO,, the price is
nevertheless very high compared to other technologies. Increase in O,
permeability would to some extent would scale down the effect of
membrane price on FC-VP approach since the membrane area is opti-
mized for the required production rate.

As already shown in Table 1, the permeability of O, and selectivity
of O,/N, are very much dependent on operating temperature. Thus,
higher temperature offers high permeability of O, with sufficient O,/N,
selectivity to keep the membrane in the commercially attractive region
as presented in Fig. 8. Operating membrane at 205 °C gives O, per-
meability of 300 Barrer with O,/N, selectivity of 18 in comparison to
operation at 190 °C which offers O, permeability of 200 Barrer with O,/
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Fig. 4. Mole-fraction of O, in permeate and retentate streams as function of stage cut in a single stage separation process (O»/N selectivity: 18).
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Fig. 6. Required membrane area as a function of stage

N, selectivity of 18 (according to Arrhenius model extrapolation of
experimental data shown in Table 1). Elevated temperature operations
are costly, so the extra energy cost adds up to the TCI and PC per ton of
EPO,. The adiabatic heating of the compressor can be utilized to in-
crease the gas temperature for achieving higher flux. Depending on
compressor type, the actual compression may heat the gas significantly
to increase the temperature to well beyond 100 °C. In addition, the
separation operated at elevated temperature may act as regeneration by

cut while operating at 68 °C (O, Permeability: 10 Barrer).

removing physically adsorbed gases and eliminating the water aging
effect on the carbon membranes. However, a good sealing/potting
material for module construction is challenging to develop when op-
erating at temperatures higher than 150 °C. Another solution could be
to improve O, permeability of the membrane without sacrificing O»/N,
selectivity; this may be achievable by adding some nano particles to the
precursor [15,16].
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4.2. Simulations and economic assessment based on predicted data

Fig. 9 is showing the PC and TCI as function of stage cut when O,
permeability is 100 Barrer and selectivity is 18. The stage cut of 0.1 has
been reported as an average economical optimum [4] for VP approach.
This study also shows that stage cut of 0.1 is optimal for VP approach
however, it is not optimal for FC or FC-VP approaches when O, per-
meability is 100 Barrer as shown in Fig. 9. The reduced membrane area
due to high permeability offers maximum benefit to FC-VP approach in
dropping the production cost of EPO,.

Fig. 9 examines the TCI and PC as function of stage cut when EPO, is
produced using three different compression approaches (O, perme-
ability: 100 Barrer, O,/N, selectivity: 18). The lowest production cost $
127 and $ 130 are achieved by FC-VP approach at stage cut of 0.17 and
0.20 respectively. Hence, the process is optimal at stage cut of ca. 0.17
for minimum PC and TCI. However, the required membrane area is still
very high at stage cut 0.17, and the TCI for the FC-VP approach is al-
most $ 0.4 million for a plant to product one ton of EPO, per day.

Figs. 10 and 11 show PC per ton of EPO, and TCI of the plant while
using three different compression approaches when the O, permeability
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Fig. 8. O, permeability and O,/N selectivity of CM with respect to Robeson upper bound curve (2008) [3].
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Fig. 9. PC and TCI as function of stage cut, O, permeability: 100 Barrer, O,/N, selectivity:

is 200 and 300 Barrer respectively. The energy requirement for all cases
remains the same due to constant O,/N, selectivity value of 18. When
using FC-VP approach, it reduces the membrane area to a large extent
and the TCI and PC are 5 times lower than that of VP approach. As
shown in Figs. 10 and 11, the membrane price had great influence on
the capital investment and production cost of EPO,. Increase in oper-
ating temperature or O, permeability scale down the effect of mem-
brane area because the required area is being more and more optimized
towards the required production rate. Almost similar trend is observed
while considering the production cost of EPO, using different com-
pression approaches. Although very low energy is required in case of
vacuum approach, but membrane life time (5years in this study) is
playing a key role to increase the production cost of EPO, in this

18.

approach. The membrane cost $ 100 per m? and reinstallation of total
area (9000-270000 m? depending on the different cases) keep the PC
higher for all operating permeabilities 10-300 Barrer. Nevertheless, the
PC is almost hundred dollars for VP approach when O, permeability of
CM is higher than 1000 Barrer. Hence, VP approach is not a competent
choice when O, permeability is below 1000 Barrer while the membrane
costs $ 100/m?, membrane life 5 years, and O,/N, selectivity is 18.
The lowest production cost with CM process is, $ 80/ton of EPO, for
0, permeability of 300 and TCI for the corresponding plant is $ 264,000
while using FC-VP approach as shown in Fig. 11. This production cost is
comparable with PSA plant that costs $ 100/ton of EPO, at a plant
capacity of 1 ton per day. Nevertheless, the most economical process of
producing O, on a large scale is by the cryogenic distillation and the
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Fig. 10. PC and TCI as function of stage cut, O, permeability: 200 Barrer, O,/N selectivity: 18.
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Fig. 11. PC and TCI as function of stage cut, O, permeability: 300 Barrer, O,/N, selectivity: 18.

cost can be as low as $ 25/ton at plant capacities above 100 tons/day of
EPO, [4]. Hence, the TCI and PC of EPO, while operating at elevated
temperature of 205 °C or permeability up to 300 may compete with PSA
plants for small scale plants (1-10 tons/day).

The plots in Fig. 12 demonstrate the lowest PC cost per ton of EPO,
(bar chart) and TCI (scatter plot) for different compression approaches
at optimal stage cut and different permeability values. Results show FC-
VP approach is the most efficient approach to produce EPO, econom-
ically for the CM discussed here. This approach can produce a ton of
EPO, below $ 100 if the membrane permeability is 200 Barrer and O,/
N, selectivity of 18, and this performance can be accomplished either
operating the membrane at 190°C or adding nano particles to the
precursor.

4.3. Sensitivity analysis

Sensitivity Analysis was used to identify components that are most
sensitive to achieve economically suitable results. This section presents
the results of simulation analysis in which impact of different variables
on TCI and PC per ton of EPO, is investigated and discussed. The
parameters investigated here are membrane cost, membrane life time,
and operating temperature which directly is related to the permeability
of the membrane.

Fig. 13 presents the percent decrease in PC/ton of EPO, when CM
life time is increased to 10 years. The results show that production cost
is significantly affected by the membrane life time while using VP ap-
proach. The production cost can be reduced 73-78% by doubling the
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Fig. 12. Lowest PC and TCI for different compression approaches at optimal stage cut value.
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Fig. 13. Effect of CM life time on PC of EPO, for

Table 4

different compression approaches (CM cost: $ 100/m>

Sensitivity of the process towards membrane life and membrane cost (optimal stage cut for each compression).

Compression approach Permeability (Barrer) Membrane life (10 years, cost: $ 100/m?) Membrane cost ($ 50/m?) Stage cut
FC PC TCI PC TCI
10 $ 270 $ 3,000,000 $ 530 $ 1,600,000 0.1
100 $ 87 $ 540,000 $120 $ 380,000 0.15
200 $ 66 $ 360,000 $83 $ 270,000 0.2
300 $ 63 $ 300,000 $73 $ 240,000 0.2
VP
10 $ 1800 $ 27,000,000 $ 4200 $ 13,000,000 0.1
100 $ 200 $ 2,700,000 $ 440 $ 1,300,000 0.1
200 $ 110 $ 1,300,000 $ 230 $ 710,000 0.1
300 $ 80 $ 940,000 $ 160 $ 490,000 0.1
FC-VP
10 $ 200 $ 2,000,000 $ 370 $ 2,000,000 0.1
100 $77 $ 400,000 $95 $ 310,000 0.15
200 $ 62 $ 300,000 $73 $ 240,000 0.2
300 $ 60 $ 260,000 $ 67 $ 220,000 0.2
Table 5 when O, permeability is above 1000 Barrer.

Lowest values of TCI and PC/ton EPO, (CM price: $ 100/m?) for different
compression approaches.

Compression O, permeability O, in N, in kw/ TCI($) $/ton
approach permeate retentate ton EPO,
of
EPO,
Barrer % mole % mole
FC-VP 300 72.71 92.57 741 260,000 80
FC 300 65.68 90.51 727 310,000 93

membrane life and keeping the cost $ 100 per m>. The membrane life is
considered 5 years in this study due to the challenges with mechanical
properties of carbon membranes. FC and FC-VP approaches are also
affected by membrane life, but the effect decreases exponentially with
increase in permeability up to 300 Barrer. This effect is almost negli-
gible at 400 Barrer as the membrane area seems fully optimized to-
wards the production rate of EPO,. However, in case of VP approach,
the membrane area optimizes towards the production rate of EPO,

Table 4 illustrates the sensitivity of the separation process to the
membrane cost, membrane life and operating temperature which is
directly related to the permeability of the membrane. VP approach is
greatly affected by the membrane cost, for example the PC and TCI for
this approach reduces 27 times for permeability of 300 compared to 10
by cutting the membrane cost to half. Similar trend is observed for the
PC/ton of EPO, when membrane life is 10 years while using VP ap-
proach. However, the TCI would remain quite high due to membrane
cost of $ 100/m?. That is why even the PC is decreased to $ 80/ton
EPO,, but the TCI is about $ 0.95 million which is not feasible. The
sensitivity of FC and FC-VP approaches towards membrane cost is
higher between permeability of 10-100 and beyond that the effect is
very small (< 10%). If the carbon membrane production process is fully
optimized in future and price is reduced to $ 50 per m? then PC per ton
of EPO, can be cut to $ 67 which presently is $ 80 while operating at
300 Barrer.
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5. Conclusions

A single stage membrane process with no recycle stream based on
O,-selective carbon membranes was evaluated for production of OEA.
Three compression approaches were simulated to economically produce
one ton of EPO, per day with low total capital investment. In first
section of the study, the experimental data were simulated to evaluate
the production of EPO,. TCI and PC were calculated based on optimal
stage cut value. In the second section, the separation properties of the
prepared CM were predicted to achieve high O, permeability, be-
tweenl00 and 300 Barrer, by keeping the selectivity constant. This
improved permeability may be achieved by operating the CM and ele-
vated temperature up to 190-205 °C. The simulation results indicated
that CM with O, permeability of 200 and a O,/N, selectivity of 18 may
produce one ton of EPO, in $ 92. The summary of the main conclusions
of the study is shown in Table 5.

As shown in Table 5, CM with O, permeability of 300 may produce
a ton of EPO, in $ 80, however, the retentate stream is 92.57% N,
which is an extra profit and that is not considered in economic analysis.
This cost considers a CM price of $ 100/m?, a depreciation rate of 10%
for the plant which includes compressor, vacuum pump, valves, and
piping (except membrane), and a return on investment of 12%/year.
CM possess weak mechanical properties compared to polymeric mem-
branes. Based on experience from pilot scale production, the membrane
life of 5years and prepared module cost $ 100/m? was considered as
realistic in this study. Although vacuum pump approach requires less
energy compared to cryogenic distillation, it was found that this ap-
proach is not economical as the membrane area towards the production
rate is not optimal (due to too low permeability of the membrane)
which resulted in very high TCI and PC of EPO, with current cost of
membrane. However, a combined approach, feed compression and
vacuum pump, may produce EPO, economically for the current price
and life of the CM. A sensitivity analysis was performed in which dif-
ferent parameters like membrane cost, membrane life time, and oper-
ating temperature which are directly related to the permeability of the
membrane, were investigated. The results from sensitivity analysis
showed that FC-VP approach may produce a ton of EPO, in $ 67 if
membrane life time could be increased to 10 years instead of 5.

It can be stated that even though CM is almost five times more
expensive than polymeric membranes, the high performance (se-
lectivity) and tolerance to elevated temperatures CM is a potential
candidate in production of OEA and or high purity (99.5%) N, in a
single stage process. The present study indicates that CM process for
OEA have the best potential of becoming economically competitive
with conventional technologies for small plant capacities (1-10 tons/
day) and a high degrees of oxygen enrichment, 50-78 mol % O,. To be
fully competitive with cryogenic distillation and PSA, the membrane
cost needs to be reduced and mechanical strength of CM should be
increased to maximize the life time of membrane.
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