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Membrane contactor for subsea natural gas dehydration:
Model development and sensitivity study

Kristin Dalane, Hallvard F. Svendsen, Magne Hillestad∗, Liyuan Deng∗

Department of Chemical Engineering, Norwegian University of Science and Technology (NTNU),
Sem Sælandsvei 4, N-7491 Trondehim, Norway

Abstract

A mathematical model of a membrane contactor using triethylene glycol (TEG) for dehydration of natural

gas at subsea operation conditions has been developed. The goal for the membrane contactor is to dehydrate

the natural gas to transport pipeline specifications, which are -19◦C at 69barg. The membrane contactor

model is based on a hollow fiber configuration with the gas in the shell side and the liquid absorbent inside

the fiber. The shell side gas is modelled as one-dimensional on the assumption of turbulent flow, while

the fiber/lumen side is modelled as two-dimensional flow due to the laminar flow. Orthogonal collocation is

applied to solve the two-point boundary value problem. The developed model is validated against proprietary

high pressure experimental data for dehydration of natural gas with TEG in a membrane contactor. The

H2O molar flow removed from the gas phase is predicted by the model with a mean absolute error range

of 3 to 7% compared to the experimental results, based on two methods of calculation due to uncertainty

in experimental basis. A sensitivity study was performed to evaluate the effect of membrane properties

and operation conditions on the dehydration performance. The main findings are that preferred membrane

properties from a separation performance point of view are thin membrane, small fiber diameter, long

membrane module, high porosity and high permeability. But, the production of the membrane, stability

and long term operation also need to be considered in the selection of membrane material and module

parameters. For high pressure subsea operation it is found that the use of a dense layer on the top of

the porous support could be favourable to prevent wetting of the membrane. It is found that a wetting of

1% already provides a significant drop in separation performance. For the operation conditions the main

findings are that high pressure and low temperature are favourable for the separation. Increasing the gas

and liquid flow gives increased flux over the membrane, but also results in increased pressure drop in the

module. However, as the the membrane contactor will be placed in a system with regeneration of the solvent,

the operation conditions should be optimized considering the whole system.
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1. Introduction

After a century of exploration, the petroleum industry is running out of easily accessible oil and gas reservoirs

giving an increased interest for subsea processing. Subsea processing is considered as an enabling technology

for development of fields with longer tie-back distance, in deeper water and in colder/harsher environments.

In addition, subsea production can enable increased hydrocarbon production with greater energy efficiency

and lower environmental footprint [1]. Natural gas dehydration is one of the main processing steps in natural

gas treatment. Water present in the natural gas can cause severe transport problems such as hydrate forma-

tion, corrosion and errosion. The common used technology today is monoethylene glycol (MEG) injection

to prevent hydrate formation from the reservoir to the topside facility, and further dehydration of the gas

topside with triethylene glycol (TEG) in a conventional absorption tower. With the increased interested in

subsea processing, alternative natural gas dehydration technologies are need. Several critical aspects need to

be considered when designing a subsea processing systems such as: unmanned operation, low maintenance,

easy accessibility, high modularity, limited moving parts and compacted units. Subsea dehydration systems

are required in the vision of the oil and gas industry to realize the subsea factory. However, subsea dehy-

dration has also several advantages such as no need for continuous injection of MEG, reduced complexity of

downstream operation and enabling tie-in of new fields to existing platforms with gas processing limitations

and direct export of the gas [2].

Membranes and membrane contactors have been suggested as potential technology for subsea natural gas

treatment due to the high modularity, high flexibility and compact design [2]. Membrane contactor is a

hybrid technology combining the advantages from membranes and absorption processes. Compared to con-

ventional towers, membrane contactors have several advantages such as high and constant interface between

the two phases, no direct contact of the two phases giving more flexibility to independent control the gas

and liquid flow rates without problems such as flooding or foaming [3, 4]. Membrane contactors have been

intensively studied over the last decade for different applications, especially for CO2 capture. Accordingly,

reported membrane contactor models are mainly devoted to CO2 capture with chemical absorption [5–22],

but also some with physical absorbents [23–25]. Dehydration of natural gas with TEG is a physical ab-

sorption process, and models for dehydration will be similar to physical CO2 capture. To the best of our

knowledge, only one study on natural gas dehydration with membrane contactors is reported [26, 27]. King

et al. reported results from a pilot tests of a membrane contactor unit for dehydration of natural gas. The

main purpose with the test was to provide dry natural gas which meets the pipeline specifications, test a

specially coated membrane to prevent BTEX (Benzene, Toluene, Ethylenen benzene and Xylenes) emissions

and to verify a simulation model for water absorption into TEG [26].
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There are several different modelling strategies currently used for membrane contactors (CO2 removal),

namely one-dimensional (1D) models [5–9, 23, 28, 29], combined one-dimensional and two-dimensional (1D-

2D) models [10–12, 30, 31] and two-dimensional (2D) models [8, 13–22, 24, 25]. In the 1D modelling strategy,

both the liquid and gas phases are evaluated in one direction, the axial direction. Changes in radial direction

due to diffusion in the liquid or gas phase are not included in these models. The total mass transfer resis-

tance from the bulk gas phase to the bulk liquid phase is found based on a resistance in series approach with

film theory for the boundary layers. Both convective flow in axial direction and diffusion in radial direction

are considered for the liquid phase in the 1D-2D model approach. While for the gas phase, only convective

flow in axial direction is considered. The introduction of a more rigorous differential mass balance for the

liquid phase gives no need for a correlation to estimate the liquid mass transfer coefficient. This model

approach is supported by the fact that the mass transfer resistance in the gas phase has almost negligible

effect and the liquid phase normally has significant effect. Therefore, including a more detailed estimation

of the concentration profile in the liquid phase may give a better description of the system [21]. The most

complex strategy is the 2D model. In these models convection and diffusion contributions for both liquid

and gas phases are included. Increased complexity of the model results in larger computational time, and

hence the proper level for a given system needs to be found. Chabanon et al. [21] gives a critical comparative

study of the different modelling strategies, concluding that all the models perform equally in terms of fitting

to experimental results by adjusting the membrane mass transfer resistance. The required complexity of

the model is therefore dependent on the system. If the liquid phase in the fiber has a concentration profile,

using a 1D model can give wrong predictions as the driving forces can be over- or underestimated compared

to the actual conditions.

Membrane contactors are evaluated as possible candidates for subsea natural gas dehydration. However, to

investigate the feasibility, models of the dehydration system are required to evaluate the performance. In

the present work, a mathematical model of the membrane contactor is developed and a sensitivity analysis

with regard to operation parameters is performed. The mathematical model developed is implemented into

MATLAB and solved with the use of orthogonal collocation. The model is also implemented into Aspen

HYSYS with the use of MATLAB Cape-Open. This is for use in process simulation and optimization of a

subsea natural gas dehydration system.

2. Model Development

The membrane contactor model reported in this paper evaluates a cylindrical hollow fiber with the liquid

flow inside the fiber, and the gas on the shell side. The liquid out/gas in configuration with liquid on the

shell side and gas in the fiber would not be a good alternative for this application. The large natural gas
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flow requires a huge amount of fibers and module space, and hence a large liquid flow is needed. By having

the liquid inside the fiber more of the liquid is exposed to the membrane surface, giving a more efficient

absorption and less bulk liquid [32]. The model is based on a 1D-2D model strategy, with laminar flow

in the liquid side and plug flow on the shell side, as illustrated in Figure 1. The assumption of plug flow

implies no axial dispersion in the gas phase. This has been evaluated based on the Peclet number and axial

diffusion is found to be neglected. The membrane in the process can be porous, or as illustrated in Figure

1, a dense layer can be used on the top of the porous support. Both cases are reported in the sensitivity

study of this paper. The model is developed so the liquid can flow counter-current or co-current to the gas.

However, counter-current flow is preferred to maximize the driving force, and hence only this configuration

is considered in this paper.

Figure 1: Illustration model strategy used in this paper.

2.1. Assumptions

The following assumptions is used in the model development:

1. Steady state

2. Equal performance of each fiber

3. Plug flow for the gas phase

4. Laminar flow for the liquid phase

5. Equilibrium at gas-liquid interface

6. Gas diffusion in the membrane pores with no Knudsen diffusion

The mathematical model describing the membrane contactor can be developed by evaluating a short section

of the membrane fiber, as illustrated in Figure 2.
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Figure 2: Illustration of flow model for the membrane contactor.

2.2. Gas Phase - Shell Side

The axial flow model assumed for the gas phase is plug-flow. Base on this assumption the component mass

balance equation for the gas phase is given by equation 1

dnsg,i
dz

= −Jia (1)

where nsg,i is the convective molar flow of component i referred to the total cross sectional area of the

membrane module [kmol/m2
t s], z is the axial length segment [m], Ji is the molar flux of component i from

the gas phase through the membrane and into the liquid phase [kmol/m2
ms] and a is the packing density of

membrane area per total volume of membrane module [m2
m/m3

t ], equation 2.

a =
Am

Vmod
=
πndiL
π
4D

2L
=

4ndi
D2

(2)

where Am is the membrane area [m2
m], Vmod is the module volume [m3

t ], n is the number of membrane fibers,

di is the inner diameter of the fibers [m], L is the length of the membrane module [m] and D is the diameter

of the membrane module [m].

The energy balance is developed in the similar way and is given in equation 3 when heat loss to the

surroundings are disregarded.
dTg
dz

=
−Utota∑
(cp,insg,i)

(Tg − Tl,mem) (3)

Tg is the temperature of the bulk gas phase [K], Tl,mem is the temperature of the liquid phase at the mem-

brane surface [K], Utot is the overall heat transfer resistance from the bulk gas to the liquid phase at the

membrane surface [W/m2
mK] and cp,i is the molar heat capacity of component i in the gas phase [J/kmolK].

The pressure difference over the membrane surface is an important factor to consider for porous membranes.

If the pressure difference is over the critical liquid entry pressure of the membrane, this can lead to wetting

of the membrane pores. Wetting of the membrane will drastically increase the mass transfer resistance and
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reduce the separation performance of the membrane contactor. The pressure drop in the gas phase over the

membrane length is given by equation 4, with the friction factor given in equation 5 [33].

dPg

dz
= −fD,g

1

2
ρgv

2
g

1

dh

1

1, 000
(4)

1√
fD,g

= −2 log

(
εRR
3.7

+
2.51

Reg
√
fD,g

)
smooth pipe−−−−−−−−→
εRR=0

1√
fD,g

= −2 log

(
2.51

Reg
√
fD,g

)
(5)

dh =
D2 − nd2o
(D + ndo)

(6)

Pg is the total pressure of the gas phase [kPa], fD,g is the friction factor, ρg is the gas density [kg/m3], vg is

the gas velocity [m/s], do is the fiber outer diameter [m],dh is the hydraulic diameter [m], εRR is the relative

roughness and Reg is the shell side Reynolds number.

2.3. Liquid Phase - Lumen Side

The liquid flow in the lumen side of the fibers is assumed to laminar based on the value of the Reynolds

number in the fiber. The velocity in the z direction as function of radial position is given from equation 7

[34]. When using a parabolic velocity profile it is assumed that the velocity at the fiber walls is zero. This

may not be the case in a membrane contactor where there is a radial flux at the membrane wall over the

membrane. However, as this flow is small, it is assumed that the velocity profile will have a parabolic shape.

vz = 2vz,av

(
1−

(
r

Ri

)2
)

(7)

where vz,av is the average liquid velocity [m/s], r is the position in radial direction [m] and Ri is the fibre

inner radius [m]. The average liquid velocity is obtained by dividing the total flow rate by the flow cross

sectional area.

The liquid inlet part of the module is covered by membrane fiber potting with a thickness of a few centimeters.

In this part no mass transfer takes place, and it can be assumed that the velocity profile is fully developed

in the active membrane region of the module. The entry length (Le) before fully developed velocity profile

can be found from equation 8 [35].
Le

di
= 0.0575Re (8)

The liquid flow in the membrane contactor can be counter-current or co-current. The developed model

covers both cases and a parameter is used to select which flow configuration to use. In this paper only the

counter-current flow conditions are reported. The equations for the liquid phase can simply be converted to

the co-current flow configuration.
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Instead of using a mass transfer coefficient for the liquid phase, which will be a lumped parameter, a two

dimensional differential mass balance is derived. Based on a mass balance, including both the convective

flow in the axial direction and the diffusion in radial direction, the changes in component i along the module

length is given by equation 9.
∂Cl,i

∂z
=
−Dl,i

vz

(
1

r

∂Cl,i

∂r
+
∂2Cl,i

∂2r

)
(9)

Cl,i is the molar concentration of component i in the liquid phase [kmol/m3], r is the radial length segment

[m] and Dl,i is the diffusivity of component i in TEG [m2/s].

The boundary conditions for equation 9 are as follow:

Cl,i(z = 1) = Cl,i,feed (10)

dCl,i

dr
|r=0 = 0 (11)

dCl,i

dr
|r=Ri =

Ji
Dl,i

(12)

The differential equation describing the temperature changes in the liquid phase (equation 13) is developed

from the energy balance, and includes conduction, energy flow due to convection and the heat of absorption.

The heat by conduction in the z-direction is normally small compared to the convective heat flow and is

therefore disregarded in the equation.

∂Tl
∂z

=
1

ρlCp,lvz

[
λl

(
∂2Tl
∂r2

+
1

r

∂Tl
∂r

)
− (−∆Hi,abs ∗ 1, 000)JiaL

]
(13)

Tl is the liquid temperature [K], ρl is the liquid phase density [kg/m3], Cp,l is the heat capacity of the liquid

phase [J/kgK], λl is the thermal conductivity of the liquid phase [W/mK], (−∆Hi,abs) is the heat released

due to absorption of component i into the liquid phase [J/mol] and aL is the membrane area per volume

liquid flow [m2
m/m3

l ].

The boundary conditions for equation 13 are given in equation 14 - 16.

Tl(z = 1) = Tl,feed (14)

dTl
dr
|r=0 = 0 (15)

dTl
dr
|r=Ri = −U

λl
(Tl,mem − Tg) (16)
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The pressure drop in the fiber follows the Darcy-Weisbach equation as given in equation 17.

dPl

dz
= fD,l

1

2
ρlv

2
z,av

1

di

1

1, 000
(17)

fD,l =
64

Rel
(18)

where Pl is the liquid phase pressure [kPa], fD,l is the friction factor and Rel is the fiber side Reynolds

number.

2.4. Membrane Flux

The flux from the boundary gas to the liquid membrane surface can be found from the steady state condition

and the local driving forces resulting in resistance in series. The liquid film layer is not included as a lumped

factor as the liquid phase is described more accurately with the two dimensional model.

Ji,g = kg(Cg
i − C

g,mem
i ) =

kg
RgTg

(Pg,i − P g,mem
i ) (19)

Ji,mem = kmem(Cg,mem
i − C l,mem

i ) =
kmem

RgTg

(
P g,mem
i − PVLE

l,i

)
(20)

kg and kmem are the gas and membrane mass transfer resistance coefficients [m/s] and Rg is the ideal gas

constant [J/molK]. Cg
i , Cg,mem

i and C l,mem
i are the concentrations of component i [kmol/m3] in respectively

gas bulk, gas-membrane interface and liquid-membrane interface, Pg,i and P g,mem
i are the partial pressures

of component i [kPa] in the gas bulk and gas-membrane interface and PVLE
l,i is the equilibrium partial pres-

sure of component i [kPa] at the liquid-membrane interface.

Under the steady state assumption these two equations give the overall mass flux from the bulk gas to the

membrane surface on the liquid side. The overall mass transfer is given by equation 21, where the transport

area is based on the inner fiber area.

Ji =
1

RgT
(

Ri

kg,iRo
+ 1

kmem,i

) (Pg,i − PVLE
l,i

)
(21)

The gas mass transfer coefficient (kg,i) is found based on a correlations for turbulent flow given by eqaution

22 [13].

kg,i = 0.023Re0.8g Sh
2
3
g
Dg,i

dh
(22)

Shg is the Sherwood number for the gas on the shell side based on the hydraulic diameter (dh) and Dg,i is

the diffusivity of component i in the gas phase [m2/s].
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Three different cases of membrane resistance were tested including a porous membrane in dry state, wetted

porous membrane with different percent of wetting and the use of a dense top-layer. All the different cases

will lead to differences in the membrane mass transfer resistance. The membrane resistance for a dry porous

membrane is given by the gas diffusivity through the pores, equation 23

1

kmem,i
=
Ri ln(Ro/Ri)

D̃g,i

(23)

D̃g,i = Dg,i
εP
τP

(24)

τP =
(2− εP)

2

εP
(25)

Where εP is the porosity of the membrane and τP is the tortuosity of the membrane which is calculated

based on the membrane porosity by equation 25 [36].

Non-wetted mode is a frequently used assumption in modelling of membrane contactor. However, studies

have shown that wetting of the membrane significantly increases the mass transfer resistance in the membrane

[37–39]. For subsea operation at high pressure, wetting might by a challenge. Usually in modelling studies,

when including membrane wetting, uniform wetting of all the pores is modelled. This is not completely

true compared to what happens in reality. The wetting normally starts with the largest pores due to lower

entrance pressure, and continue with the smaller one. The mass transfer resistance for a partially wetted

porous membrane with uniform wetting of all pores is given in equation 26

1

kmem,i
=
Ri ln(Ro/Rw)

D̃g,i

+
Ri ln(Rw/Ri)

D̃l,i

(26)

D̃l,i = Dl,i
εP
τP

(27)

where Dl,i is the diffusivity of component i in the liquid phase [m2/s] and Rw is the radius of the interface

between dry and wetted membrane pores [m].

The third alternative is to use a composite membrane with a thin dense membrane layer on top of the porous

support to prevent wetting. This dense layer will introduce an additional mass transfer resistance, and the
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membrane mass transfer resistance will be as given in equation 28

1

kmem,i
=
Ri ln(Ro/Rid)

D̃g,i

+
Ri ln(Rid/Ri)

PmemRgTg
(28)

where Pmem is the membrane permeability of the dense layer [kmol m/ms s kPa] and Rid is the radius of

the interface between the dense layer and the porous support [m].

The total heat transfer resistance can be found in a similar way as given for the mass transfer resistance.

The total heat transfer resistance, Utot [W/m2K], is hence given by equation 29

1

Utot
=

1

hg
+

1

hmem
(29)

where hg is the gas phase boundary layer heat transfer resistance [W/m2K] and hmem is the membrane heat

transfer resistance [W/m2K].

The equation for the heat flux over the membrane, Q [W/m2
m], is given as follows

Q =
1

1
hg

+ 1
hmem

(Tg − Tl,mem) (30)

In this equation, hmem is further separated into several parts to include the gas phase of the membrane and

the thermal conductivity of the membrane material. For the case of wetting or the use of a dense layer, this

will also be included in this parameter in the similar way as for the mass transfer coefficient.

2.5. Physical Properties

The model reported comprises general equations valid for all components in the system. For dehydration of

natural gas the main component for transport is H2O. Based on this, only H2O transport is evaluated and

only H2O equations are used in the model.

An overview over the most important physical properties used in the model is given in Table 1. The table

includes the functional dependency for the properties and the literature source for the correlations.
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Table 1: Physical properties correlations

Property Symbol Function dependence Source
Diffusivity of H2O in NG Dg,H2O

f(Pg,Tg) [40]
Diffusivity of H2O in TEG Dl,H2O

f(Tl,xH2O
) [40]

Heat capacity of NG Cp,g f(Tg) [40]
Heat capacity of TEG Cp,l f(Tl,xH2O

) [41]
Thermal conductivity of TEG λl f(Tl,xH2O

) [42]
Viscosity of NG µg f(Tl,ρg) [43]
Viscosity of TEG µl f(Tl,xH2O

) [42]
Density of TEG ρl f(Tl,xH2O

) [42]

2.5.1. Vapor-Liquid Equilibrium (VLE) Model

To calculate the flux over the membrane contactor the driving force over the membrane is needed. A

vapour-liquid-equilibrium (VLE) model for TEG-H2O-CH4 system at high pressure is required to get the

H2O equilibrium vapor pressure on the liquid side. To the best of our knowledge, little information is

reported in the open literature about experiments or modelling of VLE for the TEG-H2O-CH4 system at

high pressure. Therefore a VLE model for high pressure prediction of the vapor equilibiruim pressure was

developed. The VLE model reported by Parrish et al. [44] was used as baisis. However, this model is

developed based only on VLE data at low pressure. To adjust for high pressure operation, a new fugacity

model for the vapor phase was developed. The fugacity coefficient model structure reported from Duan

& Mao [45] was modified based on the local thermodynamic structure reported by Hillestad et al. [46],

giving the new fugacity coefficeint model in eqaution 31. The parameters in the new model (A1 to A6) were

optimized based on reported high pressure H2O-CH4 VLE experimental results [47–51], giving an improved

fit for high pressure operation. The values of the parameters, including a 95% confidence interval, are given

in Table 3.

lnφH2O
= A1 +A2 ln (Pbar) +A3 [ln (Pbar)]

2
+A4 ln (Pbar)T +A5

ln (Pbar)

T
+A6

[ln (Pbar)]
2

T
(31)

Table 2: Parameter values for the fugacity coefficient model from the fitting to high pressure CH4-H2O vapor-liquid-equilibrium
data, including a 95% confidence interval for the parameters.

Parameter Value 95% Conf.Interval
Low limit Upper limit

A1 -0.75728 -0.94107 -0.57349
A2 1.00539 0.73275 1.27803
A3 -0.01301 -0.03486 0.00884
A4 -0.00101 -0.00137 -0.00064
A5 -42.4133 -96.9484 12.1218
A6 -29.9348 -38.9378 -20.9319

The developed model was compared with the Duan & Mao model using other H2O-CH4 data sets [52–54]
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and the new model fits better to these data, as illustrated in Figure 3a-3c. In addition, the use of the

new correlation fits better with the experimental results from the one report on high pressure TEG-H2O-

CH4 data [55, 56] (Figure 3d). However, there are still deviations between the experimental data and the

model. To accurately measure small amounts of H2O in CH4 at high pressure can be difficult experimentally.

Thus, there can be some errors in the experimental results, explaining part of the deviations between the

experiments and the model. However, as there is no more reported experimental results for the system

TEG-H2O-CH4 in the open literature, this hypothesis cannot be confirmed or rejected.
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Figure 3: Experimental data compared with the prediction of the equilibrium vapor pressure of H2O from two different VLE
models. The VLE models is based on the model reported by Parrish et al. [44] with the new developed fugacity coefficient
model or the fugacity model reported from Duan & Mao [45] (A) Experimental H2O-CH4 data from Rigby & Prausnitz [52]
(B) Experimental H2O-CH4 data from Yarrison et al. [53] (C) Experimental H2O-CH4 data from Chapoy et al. [54] (D)
Experimental TEG-H2O-CH4 data from Ng et al. [55, 56].
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3. Model Implementation

The two-point boundary condition problem is implemented into MATLAB, where orthogonal collocation

was used to solve the problem. Orthogonal collocation is a subclass of the method of weighted residuals

and solves two-boundary conditions problems simultaneously in both directions. For the shell side, with the

gas flow, the model is one dimensional and is discretized in the axial direction. While, for the liquid phase,

inside the fiber, the model is discretized in two dimensions, axial and radial.

In the implementation the parameters in the balance equations were scaled by introducing the following

transformations giving dimensionless parameters.

ξ = z
L γ = r

Ri
C∗

l,H2O
=

Cl,H2O

Cref ns∗g,H2O
=

ns
g,H2O

ns,ref

T ∗
l = Tl

T ref T ∗
g =

Tg

T ref P ∗
l = Pl

P ref P ∗
g =

Pg

P ref

Where Cref [kmol/m3], nref [kmol/m2
t s], T ∗ref [K] and P ref [kPa] are chosen reference values for concentra-

tion, molar flow, temperature and pressure respectively.

In orthogonal collocation it is assumed that the spatial variation of the distributed variables can be approx-

imated by Lagrange polynomials. This approximation are used to transform the differential equations to

non-linear polynomial equations. The approximations for the differential and integral operators are given

in equation 32 - 34 for the first order derivative, the second order derivative and the integral respectively.

(
dy

dξ

)
ξi

=
∑
j

Ai,jyj (32)

(
d2y

dξ2

)
ξi

=
∑
j

Bi,jyj (33)

∫ 1

0

f (ξ) =
∑
j

qjf (ξj) (34)

where Ai,j is a matrix of first derivative weights, Bi,j is a matrix of second derivative weights and qj is the

quadrature weights.

The set of non-linear polynomial equations is solved in MATLAB with the f-solve routine. The residuals at

the collocation points including the boundary conditions are to be zero.

Ly − g (y) = 0 (35)
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With the use of these approximations the residual equations to be implemented into MATLAB for the gas

phase, including the boundary conditions, are given in equation 36-41.

0 = ns∗g,H2O(ξ=0) − n
s∗
g,H2O,feed

(36)

0 = T ∗
g(ξ=0) − T

∗
g,feed (37)

0 = P ∗
g(ξ=0) − P

∗
g,feed (38)

0 =
∑
j

Az,i,jn
s∗
g,H2O,j

+ JH2O
a

L

ns,ref
(39)

0 =
∑
j

Az,i,jT
∗
g,j +

UtotaL∑(
Cp,insg,i

) (T ∗
g − Tl,mem

)
(40)

0 =
∑
j

Az,i,jP
∗
g,j + fD,g

1

2
ρgv

2
g

1

dh

L

P ref

1

1, 000
(41)

The equations for the liquid phase are given in equation 42-51.

0 = C∗
l,H2O(ξ=1) − C

∗
l,H2O,feed

(42)

0 = T ∗
l(ξ=1) − T

∗
l,feed (43)

0 = P ∗
l(ξ=1) − P

∗
l,feed (44)

0 =
∑
j

Ar(γ=0),1,jC
∗
l,H2O,j

(45)

0 =
∑
j

Ar(γ=0),1,jT
∗
l,j (46)

0 =
∑
j

Ar(γ=1),nr+2,jC
∗
l,H2O,j

−
JH2O

Dl,H2O

Ri

Cref
(47)

0 =
∑
j

Ar(γ=1),nr+2,jT
∗
l,j +

UtotRi

λl

(
T ∗
l,mem − T ∗

g

)
(48)

0 =
∑
j

Az,i,jC
∗
l,H2O,j

+
Dl,H2O

vz

 1

γ

∑
j

Ar,i,jC
∗
l,H2O,j

+
∑
j

Br,i,jC
∗
l,H2O,j

 L

R2
i

(49)

0 =
∑
j

Az,i,jT
∗
l,j −

L

ρlCp,lvz

 λl
R2

i

∑
j

Br,i,jTl,j +
1

γ

∑
j

Ar,i,jTl,j

− (−1, 000∆HH2O,abs
)
JH2O

aL

T ref

 (50)

0 =
∑
j

Ai,jP
∗
l,j − fD,l

1

2
ρlv

2
z,av

L

di

1

1, 000
(51)

The developed model consist of a set of sub-models for calculation of physical properties in addition to

the flow models of the natural gas and TEG solution. The VLE model is the only part that has been

optimized to experimental data, and there is no other parameters in the model to adjust to experimental
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data. The developed model was validated against proprietary high pressure experimental data for natural

gas dehydration with TEG in a membrane contactor. The model was tested against about 20 runs with

different flow rate, pressure, TEG purity and natural gas water content. The purity of the TEG solution

ranged from 80 to 90 mol%TEG, the water content in the natural gas was 500-2,000 ppm, the total pressure

60-70 bar and operating temperatures 25-35◦C. The membrane module used contained about 10,000 hollow

PTFE fibers with length 1.8 m. The gas velocity was about 0.3 m/s and the liquid velocity less than 1 cm/s.

The validation was preformed by evaluating the H2O molar flow removed from the gas over the membrane.

The results predicted from the model were compared with the experimental values. Due to uncertainty in

the experimental basis, two calculation methods were used. For method one the model predicts the amount

of water removed within an error from -11.2% to 2.9% with mean error of -3%. The second method predicts

within -17.1% to -1.1% with a mean error of -7%. The results show that the model is conservative and

predicts within an absolute mean error of 3-7%.

4. Sensitivity Study

A sensitivity study for the membrane contactor was performed to evaluate the effect of different membrane

and operating conditions on the performance of the separation. In the study, the parameters used for the

operating conditions and membrane properties that were not investigated, were kept constant at the values

given in Table 3, if nothing else is specified.

Table 3: Membrane and operation parameters used for sensitivity study

Parameter Symbol Value Unit
Fiber inner diameter di 600 µm
Membrane length L 1 m
Number of membrane fibers n 9,200,000
Membrane porosity εp 0.75
Membrane thickness (porous) xp 50 µm
Membrane thickness (dense) xd 1 µm
Membrane permeability Pmem 3,000 Barrer
Packing density a 1,500 m2

m/m3
t

Temperature Tg 30 ◦C
Pressure Pg 80 bar
Gas flow fNG 12.2374 kmol/s
Mol fraction of H2O in gas inlet xH2O

723 ppm
Temperature Tl 30 ◦C
Pressure Pl 80 bar
Liquid flow fTEG 0.0347 kmol/s
TEG purity wt%TEG 99.5
Compressibility factor Z 0.8407
Correction factor for H2O diffusivity in NG 0.851
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4.1. Heat Transfer Coefficient

A sensitivity analysis was performed to evaluate the effect of the heat transfer resistance in the model, where

only the total heat transfer resistance value (Utot) was changed. The result shown in Figure 4a indicates

that the effect of heat transfer on the separation performance is negligible. The difference in outlet content

of H2O is below 1% when the total heat transfer coefficient is changed from zero to one hundred. The reason

for the minor changes in separation performance is related how the liquid temperature is changes along the

membrane module as illustrated in Figure 4b. The liquid temperatures will affect the equilibrium vapor

pressure and hence the driving force of H2O over the membrane in the membrane contactor.

Based on this evaluation, the value of the heat transfer coefficient is found to not effect the system. To avoid

selection of a specific material and be able to evaluate the effect of different membrane properties independent

of material, the heat transfer resistance value was set to zero in the following sensitivity studies.
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Figure 4: The effect of increasing the overall heat transfer resistance (Utot) on the separation performance. (a) H2O outlet
content as a function of Utot. (b) Liquid temperature profile along the membrane module at the membrane-liquid interface as
a function of Utot.

4.2. Membrane Wetting versus Composite Membrane

One challenge with the use of a porous membrane in a membrane contactor is the wetting of the porous

material. Wetting of the membrane will result in increased mass transfer resistance of the membrane and

hence reduced separation performance. Investigations of the effect of wetting of the porous membrane in a

membrane contactor have been performed and reported both through modelling [37, 38] and with experi-

ments [39]. Common findings from all these studies are that wetting of the membrane significantly increases

the mass transfer resistance of the membrane.
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The effect of wetting was also tested for the developed model with TEG as solvent. The mass transfer

resistance equation for the membrane used to study the wetting effect of the membrane pores is equation

26. The wetting is assumed to be equal for all pores, which gives a thickness of the membrane where

the pores are wetted. In this study the only parameter changed was the percent of membrane thickness

that is wetted. Figure 5a shows that even with wetting of 1% of the membrane thickness, the separation

performance is reduced drastically. When the wetting is 50%, less than 1% of the H2O in the gas is removed.

To eliminate the membrane wetting and keep the mass transfer resistance low, the use of a thin non-

porous/dense and highly permeable (for wanted component) membrane might be a possibility [39]. This

was confirmed with a experimental study by Chabanon et al. [57]. Long term performance for CO2 ab-

sorption in MEA was evaluated, with emphasis on effects of membrane wetting. Based on this, the use of

a composite membrane with a dense top layer could also be an alternative in a membrane contactor with

TEG for dehydration of natural gas. However, a dense layer will also add extra mass transfer resistance and

hence a comparison of the dense layer and wetting is done. As illustrated in figure 5b, the introduction of a

dense layer reduced the separation performance, but to a lower degree than wetting. In this study the mass

transfer resistance equation used for the membrane is equation 28.

Figure 5c compares the two scenarios. As can be seen, the performance of a porous membrane with 1%

wetting is similar to a dense layer with a permeability of 100 Barrer. From this evaluation it can be found

that the introduction of a dense layer is favourable for preventing wetting as it has better performance than

a high degree of wetting. The mass transfer coefficient for the membrane under the different conditions

evaluated such as dry, wetted and with a composite membrane is given in Figure 5d. The mass transfer

coefficient is significantly reduced and hence the mass transfer resistance increased when wetting occur.

When 1 µm dense layer with a permeability of 100 Barrer is introduced the main mass transfer resistance

is located in the dense layer. However, when the permeability of the dense layer is increased the porous

support and the gas phase has a larger contribution to the mass transfer resistance and the dense layer is

not the dominating mass transfer resistance.

18



0 0.2 0.4 0.6 0.8 1
0

200

400

600

800

z [m]

y H
2
O

[p
p

m
]

Dry

1%

5%

10%

50%

(a)

0 0.2 0.4 0.6 0.8 1
0

200

400

600

800

z [m]

y H
2
O

[p
p

m
]

100 Barrer
3,000 Barrer
10,000 Barrer

(b)

0 0.2 0.4 0.6 0.8 1
0

200

400

600

800

z [m]

y H
2
O

[p
p

m
]

Dry

1%
100 Barrer

3,000 Barrer

(c)

10

15

20

25
Dry

1%

5%

10%

50%
100 Barrer

3,000 Barrer
10,000 Barrer

1 2 3 4 5 6 7 8
0

0.5

1

case

k
m
e
m

[m
/s

]/
10

4

(d)

Figure 5: The effect on separation performance is evaluated and compared with the use of a porous membrane or a composite
membrane in the membrane contactor. (a) The effect of pore wetting when a porous membrane is used with different degree of
wetting. (b) The effect of composite membrane with a dens membrane layer with different permeabilities. (c) Comparison of
the pore wetting with the additional mass transfer resistance from the dens top-layer which prevent the wetting in a composite
membrane. (d) The mass transfer coefficient value for the membrane under the different conditions: dry, wetted and composite
membrane

.

4.3. Membrane Thickness

From the above investigation it seems favourable to use a composite membrane for subsea operation. There-

fore a composite membrane was considered in the following sensitivity study. Evaluation was done to

investigate the effect of the porous support thickness and the thickness of the dense layer. It is obvious

that the mass transfer resistance will decrease with reduced thickness of both layers, which is favourable

for the separation performance. The results given in Figure 6a, where the dense layer thickness is 1 µm,

indicate that the effect of the porous support is dependent on the permeability of the dense layer. With

low permeability the dense layer gives a large resistance and hence the porous support thickness does not

affect the separation significantly. Some more effect is seen when the permeability of the dense layer is
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increased. It could also be mentioned that when changing the thickness of the membrane the gas cross

section is somewhat reduced, due to the constant packing density. This gives a small increase in gas velocity

when the porous layer thickness is increased.
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Figure 6: Illustration of how the membrane thickness of both the porous and the dense top layer effect the separation perfor-
mance with different permeabilities of the dense layer: 100, 3,000 and 10,000 Barrer, and a fiber inner diameter of 600 µm. (a)
The effect of changing the porous layer thickness from 50 to 150 µm with a dense layer of 1 µm. (b) The effect of changing the
dense layer from 1 to 10 µm with a porous layer of 50 µm.

The effect of the thickness of the dense layer is also evaluated. As can be seen from the results in Figure 6b,

the effect of the dense layer thickness is more important as the permeability is decreased. The 100 Barrer

line is not changing much after 5 µm, as the driving force is reduced and the inlet is almost equal to the

outlet H2O content.

As a conclusion from the study of the membrane thickness, it can be stated that from a separation point of

view it is favourable to reduce the thickness. However, the membrane stability and processability of a thin

membrane will be a limiting factor.

4.4. Porosity

The effect of changing the porosity in the porous membrane was investigated for two different cases. The

first one where wetting may occur and the second case where a composite membrane is used and the dense

layer prevents wetting. The investigation shows that increased porosity is favourable for the separation

when the membrane pores are non-wetted (Figure 7a). This is obvious from equation 23, as higher poros-

ity will reduce the mass transfer resistance in the membrane phase and increase the diffusivity through

the membrane. This study was done to evaluate the trend. However, a porosity of 0.9 might be unrealis-

tic due to fabrication difficulties and the reduction in membrane mechanical strength with increased porosity.
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As previously mentioned, wetting may be a problem for high pressure subsea operation. Hence, the effect of

changing porosity when wetting occurs in the membrane is evaluated. Figure 7a illustrates that the porosity

has less effect as more of the membrane pores get wetted. This is probably a response of the fact illustrated

earlier with high mass transfer resistance and reduced separation performance with a wetted membrane.
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Figure 7: Illustrates the effect of changing the porosity of the porous layer on the separation performance (a) The effect of the
porosity in dry state, and when the membrane is wetted with: 1%, 5%, 10% and 50%. (b) The effect of the porosity when a
dense layer is used to prevent the wetting with three different permeabilities: 100, 3,000 and 10,000 Barrer.

The effect of porosity was also evaluated when a composite membrane was used. In this case the dense

membrane layer will prevent wetting of the porous membrane, but will introduce an extra mass transfer

resistance. As shown in Figure 7b, the effect of porosity depends on the permeability of the dense layer. At

low permeability the porosity does not have very large impact as the limiting factor under these conditions

is the dense layer. With increased permeability, the porous layer will be more dominant and the porosity

will affects the separation performance.

4.5. Fiber Diameter

The effect of changing the inner fiber diameter on the separation performance was evaluated. By changing

the fiber diameter the number of fibers also changes when keeping the membrane area constant. With

constant packing density, increasing the fiber diameter will result in increased gas velocity and decreased

liquid velocity as the flow cross section is decreased for the gas phase and increased for the liquid phase.

Based on this, to be able to evaluate the effect of the fiber diameter, the packing density was changed during

this study. The cross section area for the gas phase was changed with the same ratio as the cross section of

the fibers, based on outer diameter. The packing density can then be calculated with equation 2, where the
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diameter of the shell is found from equation 54.

Sg,j = Sg,k
Sl,outer,j

Sl,outer,k
= π

(
di,k
ak
−
d2o,j
4

)(
d2o,jnj

d2o,k

)
(52)

Stot = Sg,j + Sl,outer,j (53)

D =

√
4Stot

π
(54)

where k denotes the known value and j is the new dimension. Sg, Sl,outer and Stot are the cross sectional areas

of respectively the gas phase, the fiber based on outer diameter and the total module. The selected basis val-

ues for the packing density calculation are a fiber diameter of 600 µm and a packing density of 1,500 m2
m/m3

t .

When increasing the fiber diameter, the packing density is reduced. This also gives an increased liquid

and gas cross section, resulting in a reduction in the velocity as the molar flow is constant. A reduction in

the velocity is equivalent to increased residence time through the membrane module. The results shown in

Figure 8 indicate that a smaller fiber diameter gives increased H2O removal from the gas phase, which can

be related to the lower residence time of the gas in the module. With smaller fibers, the H2O concentration

differences in the liquid from the membrane surface to the fiber center are lower than for larger fibers and

the TEG solution is hence more efficiently used. In addition, smaller fibers with higher packing density will

result in smaller module size. However, this will also give a higher pressure drop for both gas and liquid

phase. To conclude, smaller fibers and higher packing density is preferred from a separation point of view,

but the selection is restricted by acceptable pressure drop and the ability to produce the fiber with a dense

layer on the inside. In addition, for practical operation possible impurities in the TEG solution which can

block small fibers, should also be considered.
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Figure 8: The effect of inner fiber diameter on separation performance with constant membrane area. When the packing
density is changed to keep a constant ratio between the gas cross sectional area and the outer fiber cross sectional area. (a)
H2O content in the natural gas along the membrane length (b) H2O content in the dehydrated natural gas outlet.

4.6. Packing Density

As mentioned above, high packing density is favourable from a module size perspective. But, increased

packing density will give increased pressure drop of the gas through the module due to reduced cross sec-

tional area for the gas flow. Therefore the effect of changing the packing density was evaluated for a case

with the use of fibers with a diameter of 600 µm.

As can be seen from the results in Figure 9a, the separation performance is increased with increased packing

density up to a certain value. When the packing density is around 3,000, further increase of the packing

density does not significantly change the separation performance. This can be related to the increase in

pressure drop after this value, as shown in Figure 9b. From this evaluation it can be found that increasing

the packing density towards 3,000 would be favourable in the case of a 600 µm fiber diameter. But, as

mentioned earlier, there is a limitation in packing density both based on the allowable pressure drop of the

gas and limitations based on maximum possible packing density for a given fiber size, smaller fiber can give

higher packing density. Some other factors to evaluate when considering increased packing density is the

production of the membrane module and the effect of impurities in the system on the module, when the flow

cross section is reduced. Based on practical considerations like this, King et al. reports a packing density of

500-1,500 m2/m3 as reasonable values [26].
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Figure 9: The effect of packing density on the separation performance for an inner fiber diameter of 600 µm. (a) The H2O
content in the dehydrated natural gas outlet as a function of packing density. (b) The total pressure drop over the module
length for the gas side as a function of the packing density.

4.7. Membrane Length

When reducing the membrane length the number of fibers must be changed to maintain the same membrane

area and the packing density is kept constant. Reducing the length, and hence increasing the number of

fibers results in reduced gas and liquid velocity, but the residence time is kept constant. Based on the

results in Figure 10a-10b, longer modules are preferred with respect to separation performance. However,

the pressure drop is also increased with membrane length (Figure 10c).
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Figure 10: The effect of module length on separation performance when the packing density and membrane area are kept
constant. The liquid and gas velocities for a membrane length of 0.5 m, 0.75 m and 1 m is vg [m/s] 0.203, 0.304, 0.405 and
vl,av [m/s] 8.6e-4, 1.3e-3, 1.7e-3. (a) H2O content in the natural gas along the membrane length (b) H2O outlet content (c)
Total pressure drop in the fiber and shell side as a function of membrane length.

4.8. Operation Conditions

As the membrane contactor dehydration system will work together with a regeneration system for the TEG

solvent, the optimization of the operation conditions should be done as a whole system. The optimized
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conditions for the membrane contactor may not be the optimum for the regeneration and this must be taken

into account. However, for the current study a simple evaluation is done on the operating conditions to

estimate the changes of the separation performance in the membrane contactor alone.

4.8.1. Temperature and Pressure

We evaluate operating temperature and pressure changes in both the liquid and the gas phases, so the inlet

temperature and pressure of both streams are the same. King et al. reported that the major operational

issus from the pilot testing of natural gas dehydration with membrane contactor was to control the liquid

temperature to avoid condensation within the membrane unit [26]. A liquid temperature lower than the

natural gas could result in condensation, which is the reason for keeping the temperature of both phases

to the same value and not having a lower temperature for the liquid flow. In the evaluation the change of

pressure and temperature affects the inlet gas composition, the compressibility factor (Z), the correction

factor for the H2O diffusivity in the natural gas and the other temperature and pressure dependent physical

properties. The values used for these parameters in this investigation are given in Table 4.

Table 4: Overview of the values for the compressibility factor, H2O diffusivity in natural gas correction factor and H2O inlet
content for the different pressure and temperature conditions studied.

Temperature [◦C] Pressure [bar] Z Correction factor yH2O,inlet
[ppm]

20 30 0.9244 0.939 870
20 60 0.8577 0.876 497
20 80 0.8201 0.851 408
30 30 0.9324 0.939 1,571
30 60 0.8736 0.876 888
30 80 0.8407 0.851 722
50 30 0.9454 0.952 4,528
50 60 0.8991 0.910 2,511
50 80 0.8735 0.893 2,017

Increasing the temperature will give an increase in the vapor pressure of the aqueous TEG solution, which will

reduce the driving force for the H2O being absorbed in TEG. This leads to reduced separation performance

as TEG absorbs less H2O. However, increasing the temperature will reduce the viscosity of TEG and increase

the H2O diffusivity in the gas and TEG, which may increase the separation performance. The results in

Figure 11 indicate that the reduced absorption of H2O in TEG is the dominant effect as the increased

temperature will reduce the separation performance.
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Figure 11: The effect on the separation performance when changing the temperature of both phases from 20 to 50 ◦C at
three different pressures: 30, 60 and 80 bar. In these studies the composition, compressibility, correction factor for the H2O
diffusivity in natural gas are changed for each pressure and temperature condition.

The results, illustrated in Figure 11, indicate that increased pressure is preferred for the separation. When

the pressure is increased the velocity of the gas is decreased due to the compressibility of the gas. This

results in an increased residence time for the gas in the module. From this analysis it seems like increasing

pressure or decreasing temperature are favourable for the H2O absorption into TEG. However, the viscosity

of TEG is increased with reduced temperature and hence the temperature of the TEG solution should not

be below 10◦C [58].

4.8.2. Gas Velocity

Increasing the gas flow rate, keeping all other parameters constant, gives an increased gas velocity through the

module and hence a reduced residence time in the module. This leads to a reduced separation performance,

as shown in Figure 12a. The H2O content in the dehydrated natural gas is increased with gas flow rate.

However, the total flux of H2O over the membrane is increased with the velocity, as shown in Figure 12b.

This is related to the driving force over the membrane remains higher with higher gas velocity in the module,

as the water content in the gas phase is kept almost constant. Nevertheless, the goal for the process is to

reach the pipeline specification limits for water content and hence increasing the gas velocity to high values

will not meet this criterion. As an increase in gas velocity up to 0.132 m/s does not significantly change the

H2O amount in the outlet, this can be considered as the optimal value for a system with the given liquid

flow velocity and module configuration. At this conditions the inlet TEG solution and the outlet gas is at

equilibrium which is the reason for no change in separation performance below this gas velocity.
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Figure 12: The effect of increasing gas velocity on the separation performance. (a) H2O content in the outlet gas as a function
of gas velocity. (b) The total H2O flux over the membrane in the membrane module as a function of gas velocity.

4.8.3. Liquid Velocity

When changing the liquid flow rate, the velocity of TEG in the fiber is changed and hence the residence time

in the module. As illustrated in Figure 13 the separation performance is increased with increasing liquid flow

rate. However, as can be seen, increasing the liquid velocity over 0.002 m/s gives no significant change in the

separation performance. The reason for this is that equilibrium is achieved for water content between the

outlet natural gas and the inlet TEG. Increasing the flow rate of the liquid also results in increased pressure

drop. Increasing the liquid velocity results in larger energy demands due to pumping of larger amount of

absorbent and more energy is needed for regeneration. Hence, when optimizing the liquid flow rate except

for minimizing the operating and capital cost the required flow to meet the dehydration specification must

be found.
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Figure 13: The effect of increasing the TEG velocity in the module on the separation performance.

27



4.8.4. TEG Purity

The effect of the TEG purity was tested by changing the weight percent of H2O in the liquid feed. The

value tested was from 0.3 to 10 wt% H2O and as expected higher purity of the feed solution will give better

separation performance (Figure 14a). This is reasonable as the driving force for H2O to pass the membrane

will be larger with less H2O in the feed. However, the purity of TEG for optimum operation needs to be

considered together with the regeneration of the solvent. What is optimum for the membrane contactor for

dehydration of the gas might not be the optimum for the regeneration. When the content of H2O in the

TEG feed is increased the membrane area required to reach the pipeline specifications for the dehydration

natural gas is increased, as illustrated in Figure 14b. Under this evaluation the liquid flow rate was changes

simultaneously with the membrane area to keep constant liquid flow rate. As can be seen from the result

the purity of TEG can be reduced to 99.1 wt% before it gives any significant increase in the membrane area.
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Figure 14: The effect of TEG purity in the liquid feed on the separation performance. (a) H2O content in the outlet gas as
a function of TEG purity, weight percent of H2O in the liquid. (b) Membrane area as a function of TEG purity, while still
reaching the pipeline specifications.

5. Conclusion

A mathematical model of a membrane contactor for subsea dehydration of natural gas was developed. The

model predicts the amount of H2O removed from the gas compared with high pressure experimental data

within an average mean error of 3-7%. The modelling study clearly shows the effect of varying membrane

and operation properties on the separation performance and the results reveal the following facts:

• Membrane wetting has significant effect on the separation performance, even with only 1% wetting.

For subsea operation at high pressure it is favourable to use a thin dense top-layer to prevent wetting

of the membrane.
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• With a permeability of the dense layer of more than 3,000 Barrer the main contributor to mass transfer

resistance is the porous membrane and the gas phase. The dense layer will then prevent the wetting,

but the effect on the mass transfer resistance is reduced with increased permeability.

• Increasing the pressure and reducing the temperature are favourable for the separation performance,

due to the increased solubility of H2O in TEG. However, the viscosity of TEG is increased with reduced

temperature and hence the temperature of the TEG solution should not be below 10◦C.
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List of symbols

a Membrane packing density [m2
m/m3

t ]

aL Membrane area per volume liquid flow [m2
m/m3

l

A1-A6 Model parameters

Ai,j Matrix of first derivative weights

Am Membrane area [m2
m]

Bi,j Matrix of second derivative weights

Cref Concentration reference value [kmol/m3]

Cg
i Concentration of component i in gas bulk [kmol/m3]

Cg,mem
i Concentration of component i at gas-membrane interface [kmol/m3]

C l,mem
i Concentration of component i at membrane-liquid interface [kmol/m3]

Cl,i Molar concentration of component i in the liquid phase [kmol/m3]

Cp,l Heat capacity of the liquid phase [J/kgK]

Cp,i Molar heat capacity of component i [J/kmolK]

dh Hydraulic diameter [m]

di Inner fiber diameter [m]

do Fiber outer diameter [m]

D Inner diameter of the membrane module shell [m]

Dg,i Diffusivity of component i in natural gas [m2/s]

Dl,i Diffusivity of component i in TEG [m2/s]
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D̃g,i Effective diffusivity in dry porous membrane [m2/s]

D̃l,i Effective diffusivity in wetted porous membrane [m2/s]

fD,g Shell side friction factor

fD,l Fiber side friction factor

fNG Molar flow of natural gas [kmol/s]

fTEG Molar flow of triethylene glycol (TEG) [kmol/s]

hg Gas phase boundary heat transfer resistance [W/m2K]

hmem Membrane heat transfer resistance [W/m2K]

kg Gas mass transfer resistance coefficient [m/s]

kmem Membrane mass transfer resistance coefficient [m/s]

L Membrane length [m]

Le Velocity profile entry length [m]

n Number of fibers

nref Molar flow reference value [kmol/m2
t s]

nsg,i Molar flux of component i [kmol/m2
t s]

Ji Molar flux of component i over the membrane [kmol/s m2
m]

P ref Pressure reference value [kPa]

Pbar System pressure in bar [bar]

Pg Total gas phase pressure [kPa]

Pg,i Partial pressure of component i in gas bulk [kPa]

P g,mem
i Partial pressure of component i at gas-membrane interface [kPa]

Pl Liquid phase pressure [kPa]

PV LEl,i Equilibrium partial pressure of component i at membrane-liquid interface[kPA]

Pmem Membrane permeability of the dens layer [kmolm/m2skPa]

qj Quadrature weights

Q Heat flux over the membrane [W/m2
m]

r Radial coordinate

Rg Ideal gas constant [J/molK]

Ri Inner fiber radius [m]

Rid Fiber radius to interface between porous and dense membrane layer [m]

Ro Outer fiber radius [m]

Rw Fiber radius to the interface between dry and wetted membrane pores [m]

Reg Shell side Reynolds number

Rel Fiber side Reynolds number
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Sg Gas phase cross section area [m2]

Sl,outer Cross section area of the fiber, based on outer diameter [m2]

Stot Cross section area of membrane module [m2]

Shg Shell side Sherwood numbers

T ref Temperature reference value [K]

Tg Temperature in bulk gas [K]

Tl Temperature in bulk liquid [K]

Tl,mem Temperature in liquid phase at memrbane surface [K]

Utot Total heat transfer resistance [W/m2K]

vg Gas velocity [m/s]

vz Liquid velocity [m/s]

vz,av Average liquid velocity [m/s]

Vmod Module volume [m3
t ]

xd Dense membrane thickness [m]

xi Molfraction of component i in liquid phase

xp Porous membrane thickness [m]

yi Molfraction of component i in gas phase

z Axial coordinate

∆Hi,abs Absorption heat [J/mol]

εp Membrane porosity

εRR Relative roughness

γ Normalized radial coordinate

λl Thermal conductivity of the liquid phase [W/mK]

φH2O
H2O fugacity coefficient

ρg Gas density [kg/m3]

ρl Liquid phase density [kg/m3]

τ Membrane tortuosity

ξ Normalized axial coordinate

∗ Normalized variables
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