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Abstract

Oil and Gas Processing plants require specialised equipment to effectively treat the
hydrocarbons produced from the field. The processing equipment employed occupy a large
amount of space and contribute a significant amount of weight to the platform which add to the
cost of offshore structures. The design of an offshore oil and gas field incorporates both
technical and economic factors that must be considered throughout the project life. The
development concept, design and selection of process equipment, energy consumption, carbon
footprint, commaodity prices, tax regime and profitability are some of the factors that are
critically investigated at each stage of project development. These indicators inform the
decision criteria which underpin the feasibility of an oil and gas field development.

This master thesis presents an integrated automated model/tool that encompasses the technical
and economic factors that can simplify the decision process. As a starting point, a hypothetical
base case given a gas well composition and well parameters is used in this research. An offshore
gas processing plant is modelled using ASPEN HYSYS in parallel with Microsoft Excel which
was used to create equipment sizing calculators for each gas processing equipment. With such
models, the impact to process design or to the entire project based on changes to technical and
economic factors can be investigated. Different equations of state are also utilised to equally
examine the influence on equipment design. The results from the base case showed that
utilising different thermodynamic models can give up to ~ 3.5% difference in equipment weight
and ~1.8% difference in footprint.

The calculator developed was taken a step further to incorporate automation. Automation of
the sizing calculator was performed using Aspen Simulation Workbook to link MS Excel to
Aspen HYSYS as well as visual basic codes to create the functionality that allows for
investigating the process design based on changing parameters. The calculator/tool also
presents an analytical model that gives results of design indicators including equipment
footprint/weight, energy consumption, carbon footprint and cashflow (Net Present Value)
depending on the development concept. As a myriad of technical and economic factors can
impact an oil and gas field development, the thesis focusses on three hypothetical production
profiles. The results of the analyses using the automated tool showed that producing at a high
rate and quickly does not necessarily give the optimum results and/or high profitability. Also,
with the “winning scenario” changing the thermodynamic model for the process simulation
from Soave Redlich Kwong to Peng Robinson gave a significant relative difference of
approximately 3.5% in equipment weight amounting to 22 tons and 5% in NPV which
amounted to USD $ 12 million.

The research goes further to build up on the three scenarios and shows methods to determine
the optimum production profile with the objective of maximising NPV. A trend was shown
where increasing the flowrate (plateau production) increases the profitability of the project;
however, beyond the optimum flowrate the capital expenditure of the project increases and the
profitability of the project declines. The optimum flowrate of SMMsm?®/d was determined.

Essentially, the master thesis has presented an automated tool capable of examining gas
processing project indicators for field development. It gives a preliminary design of gas
processing equipment and provides the functionality of analysing the effect of different
thermodynamic models to the design. Furthermore, it enables investigative analysis into
changing parameters during the production lifecycle.
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1 Introduction

Gas processing plants, be it unmanned platforms or processing facilities, require specialised
equipment to effectively treat the hydrocarbons produced from the field. The well-stream may
consist of crude oil, gas, condensates, water and various contaminants. The objective for
treating the gas is to;

e Ensure flow of the hydrocarbons hence transportability to the end user or process
delivery system. This pertains to flow assurance to ensure the gas flows from one point
to another without pushing the limits of the conduit in which it is transported, e.g. with
respect to pressure rating of pipelines and vessels. Flow assurance challenges could
include hydrate formation, scale formation and wax formation in gas condensate
systems

e Protect and afford long life of process equipment such as compressors and consumer
equipment.

e Meet quality specifications for sale.

With the advancement of unmanned offshore processing techniques, more innovative methods
are being created thereby shifting the processing techniques to be performed on the seabed or
offshore. Unmanned offshore natural gas platforms require a critical look at process design
methods and the related preliminary equipment design. Offshore platform design face
limitations with regards to weight and footprint. Such factors largely impact capital expenditure
(CAPEX) and subsequently operating expenditure (OPEX) for the processing operations.

This master thesis titled “Automated Process Design in Oil and Gas Field Development”
focusses on two main aspects with respect to natural gas processing on offshore unmanned
platforms. Firstly, design and selection of gas processing equipment and secondly, automation
of the offshore gas plant based on a case study using thermodynamic analysis. The stages of
the natural gas encompassing processes such as condensate stabilisation, drying of natural gas
and export processes are looked at critically to determine the effect of thermodynamic analyses
on process parameters as well as the effect of these thermodynamic models on the design of
equipment. The choice and sizing of equipment has in turn a major impact on the space
requirements and weight limitations of the offshore structure as processing equipment takes a
significant amount of space on offshore platforms. Automation of gas processing is performed
to analyse factors such as the impact of varying parameters such as production flowrates on
equipment weight and in turn project profitability.

The thesis takes into account a model gas composition scenario as given in Table 1.1 and Table
1.2 within the research work. ASPEN HYSYS simulation software was used in designing the
offshore process and evaluating the equipment specifications.



Table 1.1: Process parameters and specifications (Solbraa, 2016)

Designations and Units Specification
Well operating pressure [bara] 180
Well operating temperature [°C] 80
Platform inlet pressure [bara] 90
Platform inlet temperature [°C] 5
Platform outlet pressure [bara] 200
Platform outlet temperature [°C] 15
Flowrate at well [MMSm?®/d] 5
Sea water temperature [°C] 5
Water dew point specification [°C at 80bara] -10
Hydrocarbon cricondebar Specification [bara] 90
Condensate/ oil specification [bara /°C ] 1/20
Export pressure [bara] 200

Table 1.2: Well stream composition

Component Mole %
Nitrogen 0.56
Carbon Dioxide 2.02
Methane 81.77
Ethane 7.77
Propane 3.91
i-Butane 0.56
n-Butane 0.90
i-Pentane 0.25
n-Pentane 0.24
n-Hexane 0.50
n-Heptane 0.30
n-Octane 0.20
n-Nonane 0.12
n-Decane 0.91




The master thesis focuses on four main tasks under the research topic; with each chapter
detailing the work process, concepts and the build-up to the plant design and automation
methods used.

The first section, Chapter 2, discusses the thermodynamic models. It touches on different
thermodynamic models used predominantly in oil and gas processing. The chapter summarises
the history and build-up of different Equations of State (EoS) and highlights their limitations
and applications. The equations of state touched on are Redlich-Kwong, Soave-Redlich-
Kwong (SRK) and Peng Robinson (PR). A further look into Pressure-Volume-Temperature
(PVT) and fluid characterisation is detailed where the properties of reservoir fluids and mixing
rules are discussed in relation to the thermodynamic models.

The second section, Chapter 3, presents a breakdown of the theory and fundamentals for sizing
of gas processing equipment specifically with respect to Separators, Heat Exchangers,
Compressors, Pumps and Pipelines. The theoretical design of the equipment incorporates
industry standards such as API/ASME standards for design of the separators and pipeline as
well as TEMA standards for design of heat exchangers. Based on theory, an equipment
calculator was developed in MS Excel detailing simple design methods to efficiently size the
gas processing equipment so as to investigate the impact of thermodynamic models on weight
and footprint.

The third section, Chapter 4, simulates an offshore gas processing plant from a saturated gas
stream based on the well composition and well parameter case scenario under Table 1.1. The
simulation tool used in this thesis is ASPEN HYSYS v9.0. The offshore gas processing
simulation stages are broken down into Saturation of Gas Stream, Condensate Stabilisation,
Hydrocarbon Dew Point Control and Export compression.

The fourth section, Chapter 5, discusses the developed calculator and highlights examples for
developing the sizing models for each equipment in the related Appendices. It further on
utilises the theoretical sizing model to compare the equipment sizing in the HYSY'S simulation
based on different thermodynamic models and its impact on sizing parameters, weight and
footprint of offshore equipment.

The fifth section, Chapter 0, gives an overview of the methodology used in automating the
calculators developed in parallel with HYSYS. It shows a step-by-step approach in linking the
two models i.e. HYSYS and Equipment Calculator. This involves setting up the required
parameters to perform scenario analysis based on changes during the life cycle of the
processing plant. It also outlines the visual basic code and programming involved in setting up
the functionality to record data.

The sixth section, Chapter 7, outlines the analysis performed for the plant and process life cycle
by examining three scenario production profiles. The analysis covers project indicators that
determine the feasibility of the project in its entirety. The indicators captured are limited to
equipment sizing and weight which translates to equipment cost, carbon footprint in relation to
carbon intensity and emissions and cash flow analysis with respect to project revenues and
costs.

The seventh section, Chapter 8, presents an overall summary and discussion of the results of
the automated tool developed. It touches on how the calculator could be used as a tool for



preliminary design models as well as an economic model for plant design. Different case
scenarios are presented and a suggested case scenario for further rigorous study is presented.

The final section, Chapter 9, presents information on further research into the master thesis.
Following the work from the master thesis this could be used as a tool and expanded to
incorporate a more in-depth model covering reservoir to sales.



2 Thermodynamic Models

This chapter summarises the various thermodynamic models utilised within gas processing. It
highlights the development and the history for both classical and more modern thermodynamic
models. The master thesis herein analyses the gas process design utilising the Soave-Redlich-
Kwong (SRK) and Peng-Robinson (PR) models in Aspen HYSYS. The effects of the models
on the design of equipment sizing are highlighted and presented in Chapter 5.

The details of equation of state presented in this chapter are based on previous master thesis
conducted in fall 2016, from experimental data in scientific articles and various references
indicated herein (Whitson, Brule, & Society of Petroleum Engineers of AIME., 2000).

2.1 Equations of State

Over 100 equations of state have been developed in an attempt to improve on the ideal gas
equation of state. British Chemist Robert Boyle performed experiments that supported the
relation that gas volume varied inversely with pressure. This was the building block for further
equations of state. Further on, Italian scientist, Amedeo Avogadro investigated the equation
formulated by Boyle and the effects of molecules in a given volume and formulated what is
currently being utilised and termed as the ideal gas law (equation 2.1)

PV,, = RT (2.1)
where P represents pressure, 1}, is volume, R is the gas constant and T is temperature.

An improvement over the ideal gas equation of state based on elementary molecular arguments
was suggested by Johannes D. van der Waals, who noted that gas molecules actually occupy
more than the negligibly small volume presumed by the ideal gas model and also exert long-
range attractive forces on one another. In 1949, the equations and Van der Waals studies were
modified by Redlich and Kwong which was further on utilised as the basis for both Peng-
Robinson (PR, 1976) and Soave-Redlich-Kwong (SRK, 1972). PR and SRK derived the
correlation factor for the attraction of molecules and temperature in gases. SRK and PR have
become the most used equations of state for the development of models such as Cubic Plus
Association (CPA) and the Twu-Sim-Tassone equation (TST).

2.1.1 Van der Waals Equation

The ideal gas is a hypothetical gas, whose molecules do not attract or repel one another, and
their volume is negligible compared to a gas container. Real gases can approach the ideality
only at low temperatures and pressures (<5atm). The repulsive forces of gas molecules tend to
increase with the increasing temperature. With the increasing pressure, density of gas also
increases, the molecules are closer to one another, and the intermolecular forces become
significant to affect the motion of the molecules. In addition, the volume of real gas molecules
also becomes a significant fraction of the total volume, thus causing deviations from the ideal
gas behaviour.

Van der Waals equation was an improvement of the ideal gas laws incorporating correction to
the volume of gas molecules and their interactions.



(P + V%) (V.. —b) = RT 2.2)

The term V},, — b refers to the “free volume”, namely the free space where molecules can move
around. The parameter « is an expression of the degree of attraction of gas molecules to each
other. The parameter b is linked with the volume of the gas molecules and their repulsive
forces. Both constants are unique for each gas molecule and are independent of pressure and
temperature. External pressure P and attraction between molecules a/V,,* act in the same
direction, pushing molecules together. At equilibrium, this pressure is balanced by the thermal
pressure RT /(V,, — b), which is holding the molecules apart. Hence equation 2.2 can be re-
arranged to equation 2.3;

RT

P =
V. —b

- (2.3)
V2 '

Van der Waals equation at middle pressures reasonably describes the behaviour of real gases
but presents inconsistencies higher pressures, where repulsive forces prevail over attractive

ones. The constants in the equation and critical parameters of a given gas are given by (Hurali,
Huraiov4, Slobodnik, & Thomas, 2015):

a 8a
- - = 2.4
27b? Te 27bR Ve =3b (24)

Fe
Where P., T, and, V, are the critical pressure, temperature and volume respectively. For a single
component the critical pressure can be explained as the pressure above which liquid and vapour
cannot coexist, regardless of temperature. Similarly, the critical temperature is the temperature
above which a gas-liquid mixture cannot coexist, regardless of the pressure. In a
multicomponent system, however, the two-phase region can extend beyond the systems critical
point.

2.1.2 Redlich and Kwong
Van der Waals equation was modified by Redlich Kwong (MRK) in 1949 to improve the ability

of the equation to reproduce fluid parameters at higher temperatures and pressures. MRK
modifies the second term of equation 2.2;

a
(P AT b)(T)°-5) (Vn = b) = RT (@3)

This allows MRK to be utilised for pure gases and their mixtures as well as for H,O-CO; and
NaCl fluids.

2.1.3 Soave-Redlich-Kwong (SRK)

The Soave-Redlich-Kwong equation of state (SRK) is developed from the Redlich-Kwong
(MRK EoS) where modifications to the correction factor are given by equation 2.6;

p— RT a 26
" V,—-b V,(V,—b) (2.6)




SRK uses the same equation as MRK; however Soave made some adjustments to the « factor.

22

o = 042748 X PTC [f(T)]? (2.7)

The adjustment to the equation incorporates the function of the reduced temperature T, and the
accentric factor w. Given by equations 2.8 and 2.9.

T
FT) =1+k (1 - —) 2.8)

T,
k = 0.480 + 1.574w — 0.1760? 2.9)

The accentric factor accounts for molecules without a spherical form. Molecules with a
spherical form have an accentric factor equal to zero. The accentric factor was introduced by
in 1955 by K. S Pitzer and is given by equation 2.10.

sat
w = —logqo (T) -1 (2.10)
T»=0.7

c

The volume correction factor b, was not changed in the analysis made by Soave and was
maintained as in equation 2.11

c

R
b = 0.08664

(2.11)

c

The SRK equation of state presented a marked impact on calculation of hydrocarbons and
represents one of the biggest advancements upon which cubic equations are built. (Robinson,
Peng, & Chung, 1985)

2.1.4 Peng-Robinson

The Peng Robinson equation of state focusses on the natural hydrocarbon gas and petroleum
systems. This similar to SRK equation of state except for a slightly better performance of the
PR EoS around the critical point, making this EoS better suited for gas/condensate systems.
The PR EO0S has the following form:

a
(P Ve + b) + b(Vpy — b)) (Vm = b) = RT (2.12)

Peng Robinson conserved the temperature dependency of the attractive term and the acentric
factor introduced by Soave. In addition, they presented different fitting parameters to describe
this dependency and the coefficients. The correction factors are obtained as in the SRK
equation, with a few changes. The SRK predicts a compressibility factor of 0.333 while PR
predicts a value of 0.307. (Robinson et al., 1985).



R2 T2

@ = 045724 —=[f (D]’ (2.13)
c
RT,
b = 0.0778 (2.14)
P

Changes to the function for the acentric factor k, can the correction factor a be calculated the
same way as for SRK (equation 2.8)

F) =1+k (1 - Tzc) (2.15)

k = 0.37464 + 1.5422w — 0.26992w? (2.16)
2.1.5 Cubic-Plus Association (CPA)

More modern equations of state have been developed based on the earlier equations of state.

These models take into the hydrogen bonding interactions in ionic liquid systems. For example
ionic liquid systems containing nitrogen, oxygen and fluorine can also form hydrogen bonding
with other solvents like water and alcohols. Hence it is more accurate to account for the
interactions into these models. The CPA EoS was proposed by Kontogeorgis et al. in 1996.
Further on, later versions derived from the Peng Robinson EoS included an association term
based on the stick-shield method.

The model is a combination of the regular cubic EoS and the association factor. The
compressibility factor z is expressed as;

Z = Zcybic T Zassoc (2-17)

where the z.,pic represents the physical contribution and z,.,. represents the association
contribution. This gives z.,p;. aS;

U aVpy,
Zeubic = "y T RTV (Vo + b) + b (V,, — b)]

(2.18)

where a and b are characteristic parameters based on the mixing rules highlighted under
Chapter 2.2.2. The associated contribution to compressibility factor is given as;

=25 (52 (550
Zgssoc — 'xi Xi 2 Po apo (2.19)

1

where X; represents the mole fraction of molecule i not bonded, x; is the mole fraction of
component i, and p,is the total molecule number density. (Ma et al., 2011)



2.2 PVT and Fluid Characterisation

Natural gas is composed primarily of low-molecular weight alkanes; methane through butane,
carbon dioxide, hydrogen sulphide, nitrogen in some cases lesser quantities of helium,
hydrogen, CO and carbonyl sulfide. The temperature and pressure gradients on a formation
may cause reservoir-fluid properties to vary as a function of depth referred to as “compositional
grading”. (Whitson et al., 2000).

It is important to understand the composition of petroleum reservoir fluids at the onset as this
aids in defining the value of the end product for market as well as the subsequent field
development solution, which in turn encompasses wells and flowline design, processing
equipment, pipeline transport systems and offloading systems.

This section explains the fluid characterisation methods employed. As the simulation ASPEN
HYSYS was used; the section explains the theory and fundamentals of phase behavior and EoS
employed by the software in characterizing the fluid composition.

2.2.1 Properties of Reservoir Fluids

Hydrocarbon with seven or more carbon atoms are called C7+ components. Petroleum reservoir
fluids may contain hydrocarbons as heavy as Czo0. A particular C7+ component falls under the
following component classes also referred to as Paraffins-Napthenes-Aromatics (PNA)
distribution;

Paraffins or Alkanes: These are carbon atoms that are connected by single bonds. Paraffins are
divided into normal paraffins (n-paraffins) and iso-paraffins (i-paraffins). Paraffinic
compounds consist of hydrocarbon segments of the type C, CH, CHa, or CHa.

Naphthenes or Cycloalkanes: These are similar to paraffins but contain one more cyclic
structure. The segments in the ring structures are connected by single bonds. e.g. Cyclohexane
and methyl cyclopentane.

Aromatics: Aromatics are similar to alkanes in that they contain one or more cyclic structures
but have the carbon atoms connected by aromatic double bonds. e.g Benzene.

Due to different components, reservoir fluids cover a wide range of component properties for
e.g. boiling points as depicted under Appendix A.

The pure component vapour pressures and critical points are essential in calculations of
component and mixture properties. The pure component vapour pressures are experimentally
determined by measuring the corresponding values of temperature (T) and pressure (P) at
which the substance undergoes a transition from liquid to gas. Figure 2.1 shows the vapour
pressure for methane and benzene as pure components and as a mixture. The critical points,
CP, shown are different for the pure components and mixture signifying the difference in phase
behavior.
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Figure 2.1: Vapour pressure curves for methane and benzene (full drawn line). Phase envelope (dashed line)

Some phase-behaviour applications require the use of an Equation of State (EoS - reference
Chapter 2.1) to predict the properties of petroleum reservoir fluids. The critical properties,
acentric factor, molecular weight and Binary Interaction Parameters (BIP) are required for EoS
calculations. The challenge is the chemical separation to identify the properties of many
hundreds and thousands of components in reservoir fluids especially for compounds heavier
than Co.
The characterisation of C7+ fractions are done by;
1. Splitting the C7+ fractions into a number of fractions with known molar compositions.
2. Identifying the properties; molecular weight, specific gravity and boiling point of each
fraction.
3. Estimating the critical properties and acentric factor of each C7+ fraction and key BIP
for the specific EoS used.

For complete C7+ characterisation into discrete fractions the True-Boiling Point (TBP)
distillation method provides necessary data as highlighted above. Gas Chromatography (GC)
is a less-expensive, time-saving option to the TBP distillation method which only quantifies
C7+ mass fractions and does not provide analysis of properties such as specific gravity,
molecular weight and boiling point (Whitson et al., 2000). Appendix A and Table 2.1 show
examples of the results of true boiling point distillation.
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Table 2.1: Experimental TBP results for a North Sea condensate (Whitson, C.H and Brule, M. R.
2000 Phase behaviour, Richardson, TX: Henry L. Doherty Memorial Fund of AIME, Society of
Petroleum Engineers )

Upper Average

Toi Toi* m; M Vi y Wy Xy X Zw Xy
Fraction (°F) (°F) (@) y*  (g/mol)  (em3  (mol) (%) % % % % Ky
(ot 208.4  194.0 90.2 0.7283 96 1239 0940 435 480 7.80 435 480 11.92
Ca 2588 2354 2146 0.7459 10 2877 1951 1035 1115 1619 1470 1595 11.88
Co 303.8  282.2 2253 0.7658 122 2042 1847 1087 1140 1533 2557 27.35 11.82
Cio 347.0 3254 199.3 07711 137 2585 1.455 961 1002 1207 3518 37.37 11.96
Ciy 381.2  363.2 128.8  0.7830 151 1645  0.853  6.21 6.37 7.08 4140 4374 11.97

Cin 420.8 40141 136.8 0.7909 161 173.0 0.850 6.60 6.70 7.05 48.00 50.44 12.03
Cia 485.0  438.8 123.8 0.8047 181 153.8 0.684 5.97 5.96 5.68 53.97 56.41 11.99

Ci4 492.8 474.8 1205 0.8221 193 146.6 0.624 5.81 5.68 5.18 59.78 62.09 11.89
Cis 523.4 508.0 101.6 0.8236 212 123.4 0.479 4.90 4.78 3.98 64.68 66.87 12.01
Cis 550.4 537.8 741 0.8278 230 89.5 0.322 3.57 3.47 2.67 68.26 70.33 12.07
Ci7 579.2 564.8 76.8 0.8290 245 92.6 0.313 3.70 3.59 2.60 7196 7392 12.16
Cig 604.4 591.8 58.2 0.8378 259 69.5 0.225 2.81 2.69 1.87 7477 7662 1214
C1g 629.6 617.0 50.2 0.8466 266 59.3 0.189 2.42 2.30 157 7719 7891 1211
Cag 653.0 642.2 45.3 0.8536 280 53.1 0.162 2.19 2.06 1.34  79.37 8097 12.10
Coi+ 4276 0.8708 370 491.1 1.156 20.63 19.03 9.59 100.00 100.00

Sum 2,073 25805 12.049 100.00 100.00 100.00

Average 0.8034 172 11.98

Reflux ratio=1:5; reflux cycle= 18 seconds; distillation at atmospheric pressure= 201.2 to 347°F; distillation at 100 mm Hg= 347 to 471.2°F; and distillation at 10 mm Hg=471.2
to 853°F.
Vi =mify;10.9991; i =m/M; w;= 100 m/2073.1; xi;= 100 x Vi2580.5; x;= 100 % n/12.049; w; = w: Ex; =Zxs;; and K, = (T+460)13
*Average taken at midvolume point.
“Water=1.

An important factor, the acentric factor, w, proposed by Kenneth Pitzer (1955) is a measure of
the non-sphericity (centricity) of molecules or the measure of the curvature of the pure
component vapour pressure curve. The acentric factor of n-paraffins increases with carbon
number. That is, methane has an acentric factor of 0.008, ethane 0.098 and propane 0.152.
Figure 2.2 gives a representation of different acentric factors of components with same critical
point.

As defined by Pitzer (1955), w ,is given by

Psat
w = —1—10910< B ) (2.20)
¢ /T1=0.7T,

where PS%stands for saturation pressure or vapour pressure and is given by equation 2.21
which when plotted against the reciprocal of the reduced temperature, T, ,(given by equation
2.22) for most pure substances gives an approximate straight line. By definition, w, is zero for
noble gases; argon, krypton and xenon and very close to zero for other spherical molecules.

Figure 2.3 shows the logarithm plot of the reduced component vapour pressure against the

reciprocal of the reduced temperature, T,..
Psat

poat = — (2.21)
TC
T,

T, = (2.22)
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Christensen, & Shaikh, 2015)

As petroleum reservoir fluids are multicomponent mixtures, the phase behaviour of the fluid
(e.g. natural gas) must be characterised incorporating the vapour pressure curves of the
components in a Phase Envelope as illustrated in Figure 2.4.

Petroleum reservoir fluids are divided into;

Natural Gas mixtures
Gas Condensate mixtures
Near-critical mixtures or volatile oils

Black oils
Heavy oils
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Figure 2.4: Phase envelope of natural gas (Pedersen, Christensen, & Shaikh, 2015)

Appendix B illustrates examples of each type of reservoir fluid. The classifications of the fluids
are distinguished by the position of critical temperature of the mixture relative to the reservoir
temperature. During production the reservoir temperature T, remains fairly constant however
the pressure decreases with production. The phase behaviour of the different fluid types differs
with production.
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As depicted in Figure 2.5, for a natural gas, there would be no impact of the number of phases
as the gas remains in a single phase at all pressures. For a gas condensate, the pressure reduction
will result in a second liquid phase below the dew point.

Near-critical mixtures have their critical temperatures close to the reservoir temperatures. For
near-critical mixtures, a reduction pressure will also result in a second gas phase at the bubble
point branch. This mixture is classified as a volatile oil. In the case where the reservoir
temperature is slightly higher, indicated in Figure 2.5 by T',.,, the pressure reduction will
introduce a second liquid phase at the dew point line and resulting in a mixture classified as
gas condensate mixture. The compositions and properties of the gas and liquid phases within
the phase envelope are similar. (Pedersen, Christensen, & Shaikh, 2015)
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Figure 2.5: Phase envelope of various types of reservoir fluids (Pedersen, Christensen, & Shaikh,
2015)

2.2.2 Mixing Rules

Reservoir fluids contains mixtures of hundreds of components. The components are
characterised based on mole, weight, and volume fractions. For a mixture with N components,
i =1,...,N, hence the overall mole fractions are given by

n; mi/Mi (223)
Zi = =

N - N
j=1hy Xj=amy/M;

Given n=moles, m= mass, M = molecular weight/Molar mass; where the sum of z; equals 1.0.
Compositions for oil are denoted by x; and gas compositions by y;.
Mass fractions are given by equation 2.24; where w; equals 1.0.

m; n;M; (2.24)
w; = =

N - N
j=imy X/ M

The volume fractions based on component densities at standard conditions

13



m;/p; _ n; M;/p; _ x; M;/p; _ x; M /vi (2.25)
Xiami/py EiaamM/pp EiLaxM/p; EiixM;/y;

Xyi =

Some equations of state may give good approximations at low pressures and high temperatures,
however at low temperatures and high pressures the impact of intermolecular interaction on
gas behaviour increases. It is pertinent to account for the effect of these interactions on the
relationship between pressure, volume and temperature. One such method in defining
component fractions by average properties of mixtures is the use of Kay’s mixing rule which
uses the mole-fraction average given by equation 2.26. The mixing rule is acceptable for
molecular weight, pseudo-critical temperature and acentric factor.

N (2.26)
é = Zigi
=1

i
For a more generalised linear mixing rule;

iz 6, (2.27)
pi

6=

where @; may represent one of the following: ®; = z; (mole fraction) , ®; = w; (weight
fraction), ®; = x,,; (volume fraction).

With respect to each EoS (highlighted in Chapter 2.1) the “attraction” parameter, «, and
“repulsion” parameter, b, needs to be expressed in a form to account for multi component
systems. For a vapour phase with composition, y;, the parameters are given by:

NN (2.28)
a = ZZ%Y;’AU
i=1 j=1
N (2.29)
b= ZyiBi
i=1
(2.30)

where k;; represents binary interaction parameters given k; = 0, k;; = k;;. Also k;; = 0, for
most hydrocarbon-hydrocarbon pairs, with the exception of pairs of C; and Cr+. For Non-
hydrocarbon-hydrocarbon pairs k;; ~ 0.1 to 0.15 for nitrogen-HC pairs and CO2-HC pairs.
(Whitson et al., 2000)

The Aspen HYSYS simulation used for this research gives the BIP under a chosen fluid
package and presents interaction parameters for each component pair as shown in Figure 2.6.
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Equation of State Interaction Parameters

Nitrogen 02 Methane Ethane Propane i-Butane n-Butane i-Pentane n-Pentane n-Hexane n-Heptane n-Octane n-Nonane
Nitrogen 001710 003120 003190 1315¢ 005970 0,09300 0,09360 0,16500 00799 007999
co2 -0,01710 0,09560 0,13680 0,14200 0,10920 0,13500
Methane 003120 001311 002347 0,02886 0,03
Ethane 003190 0,00457 0. 0,023
Propane 0,08860 0,00104 00 013
i-Butane 0,13150 000104 0,00 0,0 0,0072.
n-Butane 0,00082 0,00001 - 0,00050 0,00187 0,00365 0,00788
i-Pentane 000258 0,00050 000146 000445
n-Pentane 0,00270 0,00055 0,00000 0 000137 0,00430
n-Hexane 000514 0,00187 0,00044 0,00030 0,00210
n-Heptane 0,00789 0,00024 0,00082
n-Octane 001085 0,00024 - 000017
n-Nonane 001370 0,0008. 1
n-Decane 001663 0,00945 0,00166 0,00064 000015
H20 048190 0,51800 051800 0,48000 0,48000 051090 0,48000 0,48000 0,48000

Figure 2.6: Interaction Parameters for Fluid Components (ASPEN HYSYS)

2.2.3 K-Value Correlation

K-value is defined as the ratio of equilibrium gas composition, y;, to the equilibrium liquid
composition x;. K; is function of pressure, temperature and overall composition. K -values are
estimated by empirical correlations or by satisfying equal-fugacity constraint with an EoS.
Empirical correlations of K-value are useful in applications involving;

e Multi-stage surface operations (e.g. multistage flash separation)
e Compositional reservoir material balance
e Checking the consistency of separator-oil and gas compositions

There are several methods utilised in the correlation of K-values but are all based on two
limiting conditions to describe the pressure dependence of K-values i.e. at low and high
pressure.

At low pressures, below ~6 bara Raoult’s and Daltons Law for ideal solutions provide a
simplified approach for predicting equilibrium ratios as given in equation 2.31:

K; = (2.31)

where P,,; is the component vapour pressure at the system temperature. Equation 2.31 is limited
as the temperature must be less than the component critical temperature and behaves as an ideal
gas. Based on this, K-value is independent of overall composition.

Raoult’s law states that the partial pressure, P; , of a component in a multicomponent system
is the product of its mole fraction in the liquid phase, x;, and the vapour pressure of the
component, P,;, given as equation 2.32

Dalton’s Law states that the partial pressure, P; , of a component is the product of its mole
fraction in the gas phase, y;, and the total pressure of the system, P, given as equation 2.33.
Combining Raoult and Dalton’s Laws gives the correlation in equation 2.31.
Pi = X Pvi (232)
P = y;P (2.33)
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At high pressure, the K-value of all components in a mixture tend to converge to unity at the
same pressure termed the Convergence Pressure. For binary mixtures this is the actual mixture
critical pressure; however for multi-component mixtures, the convergence pressure is a non-
physical condition unless the system temperature equals the mixture critical temperature. This
is due to the fact that mixtures become single phase at bubble point or dew-point pressure
before reaching the convergence pressure. The log-log plot of K; against pressure represents
how the ideal gas and convergence pressure conditions define the K-value behaviour at limiting
conditions.

With respect to lighter components (where T > T,;), K-values decrease monotonically toward
the convergence pressure whereas for heavier components where (where T < T,;), K-values
initially decrease as a function of pressure at low pressures, passing through unity when system
pressure equals the vapor pressure of a particular component, reaching a minimum, and finally
increasing toward unity at the convergence pressure.

For reservoir fluids, the pressure at which K-values reach a minimum is usually >1,000 psia,
indicating that Kvalues are more or less independent of convergence pressure/composition at
pressures < 1000psia. (Whitson et al., 2000)

3
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3 Review and Design of Equipment

This chapter reviews design methods in sizing gas processing equipment. It takes an in-depth
look at fundamental theoretical procedures in sizing 2-phase and 3-phase separators, shell and
tube heat exchangers, centrifugal compressors, sea water pumps and pipeline systems. The
fundamental concepts highlighted are used to develop a tool; Equipment Sizing Calculators in
MS Excel, for each processing equipment.

The calculator gives a summarised output of the equipment covering footprint (length, width
and height) and mechanical design (thickness and weight). The design methods incorporate
global standards and manufacturer specifications to give as close to accurate standard designs
as possible.

3.1 Separation Train

The separation train focusses on the initial bulk removal process upon receiving the wet gas
from the field. The separation equipment could be a two-phase separator — to allow for the
separation of gas and oil/water, 3-phase separator — to allow for the separation of oil, gas and
water. Inclusive in the system are flow control valves to decrease pressure to the required
pressure level.

Within this master thesis, two methods are considered herein in performing sizing calculations
for the separators. These are with respect to;

I API Specification 12 J standards (based on two major references Gas Conditioning
and Processing from Campbell, John; Maddox Robert and Separator Sizing of Two-
phase and Three-phase separators by Monnery, Wayne and Svrcek, William.
(Campbell, 1999 #2) and (Svrcek & Monnery, 1993)

ii. Fundamental theory highlighted in Petroleum and Gas Field Processing by Abdel-
Aal, H.K ; M. Aggour and M. A Fahim which gives a detailed explanation of the
theory. (Abdel-Aal, Aggour, & Fahim, 2003)

3.1.1 Two-Phase Separator

The two-phase separator is used to separate gas from oil in oil fields, or gas from oil/water for
gas fields. The hydrocarbon mixtures to be separated contain essentially three main groups of
hydrocarbon. (Abdel-Aal et al., 2003)

1. Light group, which consists of CH4 (methane) and C2Hs (ethane)

2. Intermediate group, which consists of two subgroups; propane/butane (CzHs/CsH1o)
group and the pentane/hexane group (CsHi2/ CeHaa)

3. Heavy group, which is the bulk of crude oil and identified as C7H16
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Classification of HC into
Groups

C;/C; Light group

Intermediate Cz/Cs group
Cs/Cs group

Gas Phase

Natural Gasoline

Heavy Group G+

Bulk of Oil (liquid)

Figure 3.1: Classification of hydrocarbons in wellhead fluids (Abdel-Aal et al., 2003)

Within the separation process, the objective is to
e Separate the light gases mostly C; and C; gases from oil
e Maximize the recovery of heavy components of the intermediate group in the crude oil
e Save the heavy group components in liquid product.

Separation methods can be broadly classified into two main methods (Abdel-Aal et al., 2003);
1. Conventional Methods
2. Modified methods: this involves
a. Including vapour recompression unit to the conventional method
b. Replacing the conventional method by a stabiliser and a recompression unit

For the purpose of this thesis, focus is placed on the conventional method of separation. The
conventional separator is the first vessel through which the gas from the wellstream flows. For
some special cases there are heaters, water knock out drums upstream of the separator. The
conventional separator is designed to achieve the following;
e Decrease in the flow velocity and optimum retention time allowing for the separation
of gas and liquid by gravity

e Operation above the hydrate point of the flowing gas.

The choice of the configuration of a separator is based on a number of reasons. Figure 3.2 gives
the classification based on the application and operating conditions. The vertical separator
occupies less ground area and is easier to clean. The horizontal separator can handle foaming
crude oil better and is claimed to be more economical for handling large gas volumes. The
spherical separator is easier to install and is more compact and adaptable for portable use.
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b | L

Configuration . Number of Phases Operating
2 Function
Shape Separated Pressure

A) Vertical Cylinder A) Separator
: . B) Scrubber
B) Horizontal Cylinder
C) Spherical Vessel C) Knock out [ l J/ \L
D) Flash Chamber 2 . )
3-phase e
Low Temp =
Separator Separator

| |

Low Medium High

700-1500 psi

Application

2-phase

Production
Separator

200-700 psi

20-200 psi

Figure 3.2: Separator classification (Abdel-Aal et al., 2003)

3.1.1.1 Components of a Separator

Gas-oil separators are equipped with control equipment for fluid level and pressure control as
well as internal components to allow for the separation process. The control equipment include;

Liquid Level Controller — this is used to maintain the level of the fluid within the separator at
a predetermined liquid height. This is achieved via a float and an automatic diaphragm motor
valve on the oil outlet. The signal causes the valve to either open or shut, allowing or preventing
more fluid into the separator hence maintaining the liquid level.

Pressure Control —the pressure control valve (PCV) is an automatic backpressure valve located
on the outlet gas stream. The valve is set at a prescribed pressure that opens and closes
automatically allowing more or less gas to flow out of the separator to maintain a fixed pressure
inside the separator.

Pressure Relief Valve — this is a safety equipment used to prevent overpressure within the
separator. It is set to a design pressure and vents pressure when the design limit is exceeded.
The internal components of the separator include;

Mist Extractor — this section of the separator removes liquid mist or very fine liquid droplets
from a gas stream via impingement, flow direction/velocity change, centrifugal force, filters or
coalescing packs.

Several types of mist extractors are installed in separators. The types available are;

e Wire-Mesh Mist Extractor — these are made from stainless steel wire which are wrapped
into tightly packed cylinder.

e Vane- Mist Extractor — This extractor type is made up of a series of closely spaced
parallel and corrugated plates. It works on the principle that as the flow of fluid changes
direction between the plates they impinge on the surface of the plates, thereby
coalescing and falling down to the liquid section below.

e Centrifugal Mist -Extractor- this type of extractor utilises the principle of centrifugal
force to separate the liquid droplets from the gas.
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Within this thesis, the wire-mesh and vane type mist extractor are considered in the design as
these are the most common design of internals in separators.

Inlet Diverters — This could be in the shape of a flat plate, spherical dish, a cone or centrifugal
type. The inlet diverter causes the first bulk separation of liquid and gas. This occurs due to
rapid change in velocity of the flowing gas stream and also separation due to difference in fluid
densities.

Wave Breakers — Predominantly used in horizontal separators. The wave breakers are vertical
baffles installed perpendicular to the flow direction to prevent unsteady fluctuations in the
liquid level which would otherwise negatively affect the performance of the liquid level
controller.

Defoaming Plates — Foam created in the separator occupies large space that could otherwise
be available for the separation process. This causes a reduction in the separator efficiency. Also
foam could affect the operation of the liquid level controller.

Vortex Breaker — This is utilised in the liquid exit of the separator to prevent vortices that could
entrain gas in the liquid (gas blowby).

Sand Jets and Drains — Produced fluids from the wells may contain formation sand which
could settle and accumulate at the bottom of the separator. Vertical separators are preferred in
this case. In the case of horizontal separators, sand jets and drains may be installed where
produced water is injected through the jets to fluidize the accumulated sand and is removed
through the drains.

3.1.1.2 Design and Sizing of 2-phase Separators

The most important design factors in the design of separators are length and diameter and this
depends on the fluid flow rates and operating conditions. The design factors considered are
based on basic theories and assumptions to obtain as close to accurate design parameters for
the gas model flow scenario. For the design factors, the following assumptions are made
(Abdel-Aal et al., 2003):

1. No oil foaming takes place during the gas-oil separation otherwise retention time has
to be drastically increased as foam occupies a large space in the separator and reduces
the efficiency of the separation)

2. The cloud point of the oil and the hydrate point of the gas are below the operating
temperature.

3. The smallest separable liquid drops are spherical ones having a diameter of 100 pum.

4. Liquid carryover with the separated gas does not exceed 131/MMsm?3

The sizing and design criteria for vertical and horizontal separators differ and are based on gas
or liquid sizing constraints. To understand the constraints it is required to consider the relative
motion existing between particles during the separation process.

3.1.1.3 Theory behind Droplet Separation — 2-Phase Separators

Relative motion exists between the liquid particles and the surrounding fluid which is the gas
particles. The liquid droplet has a greater density than the gas and tends to move vertically
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downward under gravitational or buoyant force, F,;. The gas conversely exerts a drag force, Fy,
on the liquid droplet in the opposite direction. The liquid droplet will accelerate until the
frictional resistance of the fluid drag force, F;, approaches and balances gravitational force, F;.

After which the liquid droplet continues to fall at a constant terminal or settling velocity.
(Abdel-Aal et al., 2003)

The drag force is proportional to the droplet surface area and perpendicular to the direction of
gas flow, and its kinetic energy per unit volume:

pgu? (3.34)
2

Vs
Fd = Cdzdz
whereas Fjis given by

T
Fy = 2d* (po = pg)g (3.35)

where C; is the drag co-efficient and, d is the diameter of the oil droplet, u is the settling
velocity of the oil droplet, p, , and p, are densities and g is the gravitational acceleration.
The settling terminal velocity, u , is reached when F,; = F;,. Equating equations 3.34 and 3.35
gives the droplet settling velocity as:

L §gpo—pg(i>
6 pg Cd

The droplet diameter expressed in microns is given as 1um and acceleration due to gravity as
9.81m/s? the above equation gives:

y (3.36)
_ d. 172
u; = 3.617 x 1073 KM) —ml m/s

Pg Cd

3.1.1.4 Separator Gas Capacity

To evaluate the sizing of a separator the gas capacity of the separator is determined. The
volumetric flow rate of the gas processed by the separator is related to the cross-sectional area
and the maximum allowable gas velocity.

_ Agu
35.313

(3.37)

Qg m®/s

The above equation 3.37 is given in m®s, however in standard pressure and temperature
reported in million standard cubic metres per day MMscmd is given by

p (3.38)
Qg = 0.0865 (ﬁ) Agu MMscmd
which gives the gas velocity as
= 0.09967 (TZ> 1)m (3.39)
=" Qg PJ)\4,;) s
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3.1.1.5 Separator Liquid Capacity

The liquid capacity of the separator is given by the volume occupied by the liquid and the
retention or residence time, t. This is given as below where 1ft3/min = 0.0283168m?min = 257
bbl/day and V, , is the volume of the separator occupied by oil and Q,, the oil capacity of the
separator.

(bbl ) v, (3.40)

3.1.1.6 Vertical Separator Sizing

The sizing of a vertical separator is determined by the gas capacity constraint.

3.1.1.7 Gas Capacity Constraint

For vertical separators, the upward average gas velocity should not exceed the terminal

velocity of the smallest liquid droplet to be separated . This is given by equating equations
3.36 and 3.39 which results

- 1/2 (3.41)
TZ\ (1 Po — Pg\dm
0.09967Q (—) <—> =3.617 x 1073 I(— —_—
9 P Ag pg Cd
Substituting
— T 2
4g= 7D
where D represents the internal diameter of the separator in metres and solving for D;
1/2 (3.42)
2 _ TZ Pg  Ca 2
D? = 35.085 Q, (P) —— dm] m

Equation 3.42 gives the minimum acceptable diameter of the separator. Larger diameters result
in lower gas velocities hence better separation of the oil droplets from the gas. Smaller separator
diameters give higher gas velocities hence causing liquid droplets to be carried over with the
gas.

The drag co-efficient, C;, is determined from the equation below which is related to the
Reynolds number; this is given empirically for a spherical particle with Re in the range of
0.2< Re <2x 10°. (Abdel-Aal et al., 2003)

24 (3.43)
Ca =034+ s+
where the Reynolds number is given by
d,,u 3.44
Re = 0.0049 2¢mY (3.44)
Hg

The settling velocity is dependent on C,; and this is found by an iterative procedure.
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Assume a value of Cy,

Calculate the velocity, u, from equation 3.36

Calculate Re from equation 3.44

Calculate C4, from equation 3.43 and compare to the assumed value

If no match is obtained, use the calculated value of C,;, and repeats steps b-d until
convergence is obtained.

® o0 o

3.1.1.8 Liquid Capacity Constraint

Liquid within the separator has to be retained within the separator for a specific retention time,
t for the separation process. The volume of the separator occupied by the oil, V,, is obtained by
the cross-sectional area by the height of the oil column, H (in.). Equation 3.40 is therefore
rewritten as

2

0, = 30644 (3) (10_2) (f_z) (%) ( % ) (3.45)

D?H = 1.40355x107*Q,t m3 (3.46)

or

3.1.1.9 Sizing Procedure of Vertical Separator

The sizing procedure based on the above theory can be used to find the size of the vertical
separator (diameter and seam-to-seam length or height).(Abdel-Aal et al., 2003)
1. Equation 3.42 is used to determine the minimum allowable vessel diameter
2. For diameters larger than the minimum, equation 3.46 is used to determine
combinations of D and H.
3. The seam-to-seam length, Ls, for each combination of D and H is determined using one
of the following expressions as appropriate:

For D <0.91m
.= H+76 m (3_47)
39.3696
For D > 0.91m
__ H+D+40 m (3.48)

ST 393696

4. For each combination of D and Ly, the slenderness ratio, SR, defined as the ratio of
length to diameter is determined. Separators with SR between 3 and 4 are commonly
selected.
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3.1.1.10 Horizontal Gas — Liquid Separator Sizing

Similar to the vertical separator the size of the horizontal separator is determined by the gas
and liquid capacity. For the horizontal separator the gas capacity constraint yields a relationship
between the diameter and effective length of the separator. This along with a similar
relationship derived from the liquid capacity constraint are used in determining the size of the
separator. In reality, either the gas capacity constraint or the liquid capacity constraint governs
the design and only one of the two constraints equations is used in determining the size. (Abdel-
Aal et al., 2003)

The derivations below assume the gas and liquid phases each occupy 50% of the effective
separator volume.

3.1.1.11 Gas Capacity Constraint

The average gas flowing velocity within the separator, ug, is is obtained by dividing the
volumetric flow rate, @, by one-half of the separator cross-sectional area, A; that is,

_ Qq (3.49)
Y9 = 05[(/4)D?]

For Qg4, given in MMscmd the velocity is given as

Q TZ
uy = 365763 () mis (3.50)
The gas travels horizontally along the effective length of the separator, L (m), in a time, t,,

that is given by;

This time must, at least, be equal to the time it takes the smallest oil droplet, to be removed
from the gas, to travel a distance of (D/2) to reach the gas—oil interface. This settling time,
ts, is obtained by dividing the distance (D /2) by the settling velocity (in equation 3.36);

) /2771 (3.52)
ts = (L) {0.01186 [(M) d—m] } s
2x12 Pg Cq

Equating 3.51 and 3.52, substituting ug from equation 3.50 and solving for the product LD,
gives;

LD = 326.71 (ﬂ) [(p_g) (&)]l/ * mem (3.53)

p Po—Pg/) \dm

Equation 3.53 provides a relationship between the vessel diameter and effective length that
satisfies the gas capacity constraint. Any combination of D and L satisfying equation 3.53
ensures that all oil droplets having diameter d,,, and larger will settle out of the gas flowing at
a rate of Q, (in MMscmd) into the separator that is operating at a given pressure and
temperature.
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3.1.1.12 Liquid Capacity Constraint

The separator must have sufficient volume to retain liquid for a specified time. For a half full
separator, the volume occupied by the liquid is given by

_ m\ (D)? 3 (3.54)
V, = 0.01415 (Z) (E) L m
Substituting equation 3.40, the below is obtained
D?L = 0.04044 Q,t m® (3.55)

The above equation provides another relationship between D and L that satisfies the liquid
capacity (retention) time constraint.

3.1.1.13 Sizing Procedure of Horizontal Separator

Based on operating conditions of pressure, temperature, gas and liquid flow rates, gas and
liquid properties and oil retention time) the size of (diameter and seam-to-seam length) of a
horizontal separator can be determined as follows:

1. Assume various values for the separator diameter, D.
2. For each assumed value of D, determine the effective length, L, that satisfies the gas
capacity constraint from equation 3.53 and calculate the seam-to-seam length, Ls, from

- _1 (Lg + 2) m (3.56)

L
3.2808 12

3. For each assumed value of D, determine the effective length, L,, that satisfies the liquid
capacity constraint from equation 3.55 and calculate the seam-to-seam length, Ls, from

g m (3.57)

= L
S 9.8424 ©

4. For each value of D used, compare the values of L, and L,to determine whether the gas
capacity constraint or the oil capacity constraint governs the design of the separator.
The larger required length governs the design.

5. Select reasonable combinations of D and Ls such that the slenderness ratio SR is in the
range of 3-5. Following that the cost and availability would then determine the final
selection. The cost and availability criteria for separator selection is not covered in this
thesis.

For the API determination, the allowable gas velocity, v, is determined from the Souders
Brown equation. This gives the apparent velocity in the space open to gas flow.

Ipl — pglo's (358)
=K,
Pg

where Ks depends on all factors that affect separation other than density — vortex action,
foaming, pulsating flow, liquid flowing in heads, presence of solids, degree of separation
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needed, separation length, varying gas-liquid ratios etc. K values are determined from
experience/field data and are dictated per API 12J standard. Examples are given in Table 3.1
and Appendix C.5.

Table 3.1: Ks Values based on API 12J (Campbell & Maddox, 1999)

Type Height or Length Typical Ks range
[m (ft)] [ft/sec] [m/sec]
Vertical 1.52 (5) 0.12t00.24 0.037 - 0.073
Vertical 3.05 (10) 0.181t00.35 0.055 - 0.107
Horizontal 3.05 (10) 0.40 to 0.50 0.122 - 0.152
Other lengths (L/10)°-5¢ (L/3.05)%-°8
Spherical ALL 0.061 - 0.107 0.20-0.35

To determine the volume flow rate based on the cross-sectional area, F, of the separator, the
actual gas flow is given by

qa = (/9@ W)(F) (3.59)

From equation 3.59 the diameter of the separator can be determined.

Vessel Length

Knowing the liquid actual volume flow rate, q; , the fraction of cross-section area occupied by
liquid, F;, and the residence time required for separation, t, the effective length or seam-to-
seam length of the separator can be ascertained

. atq, (3.60)
¢ |mD2%F,

From equation 3.60 the actual length can be determined from the effective length and diameter.
L=1L,+D (3.61)

Based on the fluid properties, Appendix C shows an example of the separator calculator
developed for the separation process. Chapter 5 gives a brief on the spreadsheet set up and its
practical use.

3.1.2 Three-Phase Separators

In most production operations, the produced fluid stream comprises three-phases: oil, gas and
water. Water produced with the oil exists partly as free water and partly as water-in-oil
emulsion. Free water produced with the oil will settle and separate from the oil by gravity. The
emulsified water requires various methods of treatment including heat treatment, chemical
treatment, electrostatic treatment, or a combination of these treatments in addition to gravity
settling.

It is therefore advantageous to first separate the free water from the oil to minimize the
treatment costs of the emulsion. Gas is mostly present along with the water and oil. If the
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volume of gas is small relative to the liquid, the separation of the water from oil will govern
the design of the vessel. However, when the volume of the gas to be separated from the liquid
is large then either the gas capacity requirement or the water—oil separation constraints govern
the vessel design. (Abdel-Aal et al., 2003)

Three-phase separators are either horizontal or vertical. The design of three-phase separators
differ from two-phase in that the design must incorporate separation and level control of two
liquids.

Figure 3.3 and Figure 3.4 highlight two main designs of horizontal three-phase separators and
the vertical three-phase separator.

trol Valve
Gas Out

,-‘
/

Figure 3.3 Three-phase horizontal separator - weir type (left) and bucket and weir type (right)
(Abdel-Aal et al., 2003)

Inlet

Figure 3.4: Three-phase vertical separator (Abdel-Aal et al., 2003)

The operation of the separator is similar to that of the two-phase separator. The produced fluid
stream enters the separator and hits the inlet diverter, where the initial bulk separation of the
gas and liquid takes place due to the change in momentum and difference in fluid densities.

The gas flows horizontally through the gravity settling section (the top part of the separator)
where the entrained liquid droplets, down to a certain minimum size (normally 100 pum), are

27



separated by gravity. The gas then flows through the mist extractor, where smaller entrained
liquid droplets are separated, and out of the separator through the pressure control valve, which
controls the operating pressure of the separator and maintains it at a constant value. The bulk
of liquid, separated at the inlet diverter, flows downward, normally through a downcomer that
directs the flow below the oil-water interface. (Abdel-Aal et al., 2003)

3.1.2.1 Theory behind Droplet Separation — 3-Phase Separators

For three-phase separator design the settling and separation of the oil droplets from water and
of the water droplets from the oil must be considered in addition to the retention time constraint.
This is unlike the two-phase separator where liquid retention time constraint is the only
criterion used for determining the liquid capacity of two-phase separators.

With respect to separation of oil droplets from water, or water droplets from oil, a relative
motion exists between the droplet and the surrounding continuous phase. An oil droplet, being
smaller in density than the water, moves vertically upward under the gravitational or buoyant
force, F,. The continuous phase (water), on the other hand, exerts a drag force, F;, on the oil
droplet in the opposite direction. The oil droplet will accelerate until the fractional resistance
of the fluid drag force, F,, approaches and balances F, after which the oil droplet reaches
constant velocity or settling or terminal velocity.

Conversely, water droplets, are higher in density than the oil, hence move vertically downward
under the gravitational or buoyant force, F,. The continuous phase , on the other hand, exerts a
drag force, F,, on the water droplet in the opposite direction. The water droplet will accelerate
until the frictional resistance of the fluid drag force, F;, approaches and balances F;; thereafter,
the water droplet continues to rise at a constant velocity or settling or terminal velocity.

2
_ T, PcU (3.62)
F; = Cd4d >
whereas Fj is given by
_r 3.63
Fy = =d*(p) (3.63)

where d represents the diameter of the droplet, u is the settling velocity of the droplet (m/s),
p. »is the density of the continuous phase (kg/m®) , g is the gravitational acceleration (m/s)
and Cy is the drag co-efficient. For low Reynolds number, Re, drag co-efficient is given by

24 244g (3.64)
47 Re pdu
where W is the viscosity of the continuous phase (kg-s/m?)
Substituting equation 3.64 into 3.62 yields

F; = 3mu'du (3.65)
The terminal velocity, ug, is reached when F; = F,. therefore equating 3.63 and 3.65 gives

_ (4p)d? (3.66)
uS - 18“’
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The typical units for droplet diameter are in micrometers and viscosity in centipoise.
Representing the diameter by dm and viscosity by p in the equation becomes

u=8.729 X 10—9% mls or (3.67)

U = 5.447 x 10—7% m/s (3.68)

where Ay = v, — ¥,, Which is the specific gravity of oil and water respectively.

From Equation 3.67 and/or 3.68 the droplet settling velocity is inversely proportional to the
viscosity of the continuous phase. QOil viscosity is several magnitudes higher than the water
viscosity. Therefore, the settling velocity of water droplets in oil is much smaller than the
settling velocity of oil droplets in water. The time needed for a droplet to settle out of one
continuous phase and reach the interface between the two phases depends on the settling
velocity and the distance travelled by the droplet. In operations where the thickness of the oil
pad is larger than the thickness of the water layer, water droplets would travel a longer distance
to reach the water—oil interface than that travelled by the oil droplets. This, combined with the
much slower settling velocity of the water droplets, makes the time needed for separation of
water from oil longer than the time needed for separation of oil from water. Hence, the
separation of the water droplets from the continuous oil phase is always taken as the design
criterion for three-phase separators.

The minimum size of the water droplet or the minimum size of the oil droplet that must be
removed from the continuous phase (either oil or water) depends on the operating conditions
and fluid properties. Data for this can be obtained from simulations of field data or offset fields.
In the absence of such data the minimum water droplet size to be removed from the oil is taken
as 500pm.

The required liquid volumes within the separator is determined by the retention time. The oil
phase needs to be retained within the separator for a period of time that is sufficient for the oil
to reach equilibrium and liberates the dissolved gas. The retention time should also be sufficient
for appreciable coalescence of the water droplets suspended in the oil to promote effective
settling and separation. Similarly, the water phase needs to be retained within the separator for
a period of time that is sufficient for coalescence of the suspended oil droplets. This data can
be obtained from laboratory test; however in the absence of such data it is common practice to
use a retention time of 10 minutes for both oil and water. (Abdel-Aal et al., 2003)

3.1.2.2 Water Droplet settling constraint

Similar to the two-phase separator sizing criteria, the three-phase separator requires
consideration of the gas capacity constraint, liquid retention time constraint as well as a the
settling of water droplets in oil which gives the maximum diameter of the separator.

The additional constraint in the design of three-phase horizontal separators is that the oil
retention time should be sufficient for the water droplets of certain minimum size to settle out
of the oil. A conservative assumption is to take the water droplet to travel from the top of the
oil pad. Hence the water droplet would have to travel a distance equal to the oil pad thickness,
H,, at a velocity (determined from equation 3.68). This gives;
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twa = (=) oo el2D_ min (3.69)

60/ 1.787x 10-6(4y)dZ, /1o

To obtain the maximum allowable oil pad thickness and equating 3.69 to the oil retention
time, t,, this gives:

_3.2512x1073(4y)d%,
Ho,max - Ho

(3.70)

cm

d,, 1S assumed to be 500um in the absence of laboratory data.

For a separator half full of liquid the relation is

L@ E-GIe-%) ]

where A,, and A are the cross-sectional area of the separator occupied by water and the total
cross-sectional area of the separator, respectively.

For a separator half full of liquid the total cross-sectional area of the separator, 4, is equal to
twice the area occupied by the liquid, which is equal to the area occupied by water, A,,, and
the area occupied by oil, 4,, givenas A = 2 (4, + A,,). This gives the below relation

A _ e Oty (372)
AW . QOtO+QWtW

Upon determination of ratio A/A,,; the ratio of the oil pad height to the diameter H, /D can
be derived from equation 3.71. Knowing H,,, 4, and H, /D the maximum diameter of the
separator is obtained

Homax (373)

D =
max HO /D

This gives the upper limit of the separator diameter. Different equations could be derived as
opposed to the assumption made of 50% occupied by the different phases.

Gas Capacity Constraint

As with the two-phase separator the gas capacity constraint also holds with the three-phase
separator. This gives a relationship between the separator diameter and the effective length
where d,,, is normally taken as 100um;

LD =326.71 (%2 [(p‘i—g%) (34) Y em (3.74)

With diameters less than the maximum diameter from the water droplet settling constraint,
equation 3.74 is used to determine possible diameter and length combinations that meet the
gas capacity constraint.
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Retention Time Constraint

The space occupied by the oil and water should allow for sufficient retention time for
separation. Since half of the liquid phase (both oil and water) occupy half of the separator
volume; the diameter and effective length is given by

V, = 0.0141584 (g) (B)ZL m?

12

where 1 barrel = 0.15898 m3; this gives:
V, =7.2959 x 1075D?L m® (3.75)

The volume of separator occupied by oil, V,, is the product of the oil flow rate, Q,, and the oil
retention time, ¢t,. For Q, in cubic meters per day and t, in minutes, gives

V, = 1.104 x 107*t,Q, m® (3.76)

Similarly, the volume of the separator occupied by water, is the product of the water flow rate
and the water retention time.

v, = 1.104 x 10~*¢,0Q, m® (3.77)
Since V, = V, + V,,; this gives
D%L = 2.8101 (Q,t, + Qut, ) cm?m (3.78)

Selecting diameters smaller than the maximum diameter determined from equation 3.73; with
combinations of diameter and length are obtained to satisfy the retention time constraint.

3.1.2.3 Sizing Procedure for three-phase horizontal separator

The procedure for determining the diameter and length of a three-phase horizontal separator
can therefore be summarised as:

1. Determine the value of A/A,, from equation 3.72.

2. From equation 3.71 determine the value of H,/D for the calculated A/A,,

3. Determine the maximum oil pad thickness, H,,,4, from equation 3.70 assuming d,,
equal to 500um

4. Determine D,,,, from equation 3.73

5. For diameters smaller than D,,,,, determine the combinations of D and L that satisfy
the gas capacity constraint from equation 3.74, substituting 100 um for d,,, .

6. For diameters smaller than D,,,,, determine the combinations of D and L that satisfy
the retention time constraint from equation 3.78.

7. Compare the results obtained in steps 5 and 6 and determine whether the gas capacity
or retention time (liquid capacity) governs the separator design.

8. If the gas capacity governs the design, determine the seam-to-seam length of the
separator, Lg, from
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1 D (3.79)
Ls = 37808 (L + E)

If the liquid retention time (liquid capacity) governs the design, determine L from

B L (3.80)
Ls= 49.8424

9. A reasonable diameter and length with a slenderness ratio (L;/D) in the range of 3-5
is recommended. In some cases, the slenderness ratio might be different from the range
of 3-5. In such cases, especially when the slenderness ratio is larger than 5, internal
baffles can be installed to act as wave breakers in order to stabilize the gas—liquid
interface.

For the stepwise sizing procedure using the APl method, by using predetermined K, values,
(Svrcek & Monnery, 1993) reference Chapter 5. Appendix C.9 presents for this method, L/D
ratio guidelines in determining the optimum design.

3.1.2.4 Sizing Equations for Vertical Separators

Sizing of a vertical three-phase separator is done in a similar manner to sizing vertical two-
phase separators where the gas capacity constraint is used to determine the minimum diameter
of the vessel and the liquid retention time constraint is used to determine the height of the
vessel. For three-phase separators, however, a third constraint is added. This is the requirement
to settle water droplets of a certain minimum size out of the oil pad. This results in a second
value for the minimum diameter of the separator. Therefore, in selecting the diameter of the
vessel, the larger of the minimum diameters determined from the gas capacity constraint and
water settling constraint is considered as the minimum acceptable vessel diameter.

3.1.2.5 Water Droplets Settling Constraint

The condition for the settling and separation of water droplets from the oil is established by
equating the average upward velocity of the oil phase, u,, to the downward settling velocity
of the water droplets of a given size, u,,. The average velocity of the oil is obtained by
dividing the oil flow rate by the cross-sectional area of flow;

u, =3.627 x 1072 &£ mjs (3.81)
D
And the water droplet settling velocity:

u, = 5.446 x 10~7 @ (3.82)

Ho

For water droplets to settle out of the oil, u,, must be larger than u,. Equating u,, to u,would
result, therefore, in determining the minimum diameter of the separator, D,,;,, that satisfies
the water settling constraint. This results from equation 3.81 and 3.82 gives;

D2. = 43135 %ok 2 (3.83)

min y) dz,
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Diameters larger than the D,,,;,will yield a lower average oil velocity and ensure water
separation.

3.1.2.6 Gas Capacity Constraint

The gas capacity constraint for a vertical separator yields an expression for the minimum

vessel diameter
1/2 3.84
D2, = 3263 Qy (*2) (P_gC_d) 2 (3.84)

min P Po—Pg dm

Diameters larger than the D,,,;,will yield a lower gas velocity and ensure separation of liquid
droplets of diameters equal to and larger than d,,, out of the gas.

3.1.2.7 Liquid Retention Time (Capacity Constraint)

The separator volume must be sufficient to afford retention time to allow separation of
entrained water droplets from the oil, separation of the entrained oil droplets from the water,
and for the oil to reach equilibrium with the gas. Retention times are ideally determined from
laboratory tests and range from 3-30 minutes depending on fluid properties and operating
conditions.

The calculator assumes a retention time of 10 minutes to be used for both oil and water.

The volume (given in m®) of each phase within the separator is given by;

1\* /o (3.85)
— _ _ 2
V, = 0.0283 (12> (4)D H,
and
1\ (3.86)
— _ _ 2
v, = 0.0283 (12) (4)1) H,
Hence,
V, + V, =1.286 x 10~5 D2(H,+ H,,) (3.87)

The volume (in m®) is also calculated from the volumetric flow rate and the retention time (in
minutes)

v 0.1589 m3 .
= — X
0 © 24x60 min °

Lo 01589 m®
W W 94x60 min W

Then
V,+ V, =1.1035x 107* (Q,t,+ Quty) (3.88)

33



Equating 3.87 and 3.88; we obtain

D%(H,+ H,,) = 8.576 (Q,t,+ Q,t,) m° (3.89)

3.1.2.8 Sizing Procedure for a three-phase vertical separator

The procedure for determining the diameter and seam-to-seam length of a three-phase vertical
separator can therefore be summarised as:

1.

2.

Determine the minimum diameter that satisfies the water droplets settling constraint
from equation 3.83.

Determine the minimum diameter that satisfies the gas capacity constraint from
equation 3.84.

The larger of the two minimum diameters determined in steps 1 and 2 is then considered
as the minimum allowable vessel diameter.

For various values of diameter larger than the minimum allowable vessel diameter, use
equation 3.89 to determine combinations of diameters and liquid heights.

For each combination, determine the seam-to-seam length (in metres) from the
following:

ForD>0.914 m
_ (3.90)
Ly = 39.369€ (H,+ H, + D + 40)

For D <0.914 m
_ (3.91)
Lg = 393696 (H, + H, +76)

It was assumed in the research a length-to-diameter ratio of 1.5 to 6.0 for the 2-phase horizontal
and 3-phase horizontal separators. This was assumed as the optimum target for the equipment

design.

3.13

Mechanical Design (Wall thickness and Weight)

The total weight of each separator assembly includes the weight of the empty vessel, the weight
of the internals, and the skid weight. In addition, the associated piping also contributes to the
weight of the equipment or unit and must be taken into consideration.

The weight of an empty vessel, W}, (mass per unit length, given in kg/m, including heads is)
is given by;

W, = 3.47 dt (3.92)

where, d, is the internal diameter (cm) and, t, is the wall thickness (cm).

The wall thickness is estimated according to ASME standards. This is classified under Division
1 or Division 2. The wall thickness is a function of the diameter, d, operating pressure P and
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the maximum allowable stress, SE . The wall thickness, t (in cm), is calculated based on
equation 3.93. The maximum allowable stress, S depends on the material and grade and the
division code for the application. The reference standards and allowable stresses for
determining the wall thickness is given under Appendix G and Appendix H.

~ (3.93)
b= 254X —07p

The weight of the empty vessel, W, is the sum of the weight of the internals, W, the weight
of the external nozzles, Wy, and L is the seam-to-seam length of the separator. The internal
and nozzle weights are determined from correlations given under Appendix C.6.

For skidded equipment the following factors are used for the weight of the piping, W, weight
of skid steel, W, weight of electrical & instrument and the weight of the total skid, W4, is
given by equations 3.95

W, =40 % W, (3.95)
Ws =10 % W,

Wikia = Wy + Wp + Wi + W

3.1.4 Equipment Footprint

The footprint of the separators are calculated based on assumptions of preliminary estimates of
the skid dimensions. These differ for horizontal vessels and vertical vessels and give an initial
approximation of the space occupied by the process equipment.

Table 3.2: Skidded equipment footprint relations

Horizontal Vessels Vertical Vessels
Skid Width I.D.x 2 I.D.x 2
Skid Length Seam-to-Seam length x 1.5 I.D.x25
Skid Height I.D. X 2 +1 meter Seam to Seam length x 1.5
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3.2 Heat Exchanger

Heat exchangers are fundamental in the gas processing system. They are utilised to optimise
the processing system in terms of energy utilisation and area considerations which in effect
significantly impact cost.

This work focuses on the sizing criteria for the design of heat exchangers based on the model
scenario and considers simple guidelines and rules of thumb for heat exchanger selection. The
heat exchangers looked at within the research are Shell and Tube Heat Exchangers. For this
master thesis, heat exchangers used in offshore gas processing focus on gas cooling by sea
water. The function of the heat exchanger is to provide the medium for cooling and separation
of the heavy hydrocarbon components. This process is done to ensure the cricondenbar and
dew point requirements are met for rich gas transport.

3.2.1 Heat Exchanger Design

Many factors are considered in the design and selection of heat exchangers. These would
include basic process-design variables and other factors such as temperature strains, thickness
of tubes and shell, types of baffles, tube pitch, and standard tube lengths.

The design and manufacture of heat exchangers is given by standards provided by the Tubular
Exchanger Manufacturers Association (TEMA). These standards identify heat exchanger size
and type by designated numbers and letters.(TEMA, 1988)

3.2.1.1 Shell and Tube Heat Exchanger

For the purpose of this master thesis, for simplicity, consistency and for accurate comparison,
all heat exchangers are assumed to be of the single-pass shell and tube type. In the design of
heat exchangers, the amount of heat transfer must be determined and is given by the below
equations for heat balance with no phase change of the gas and sea water.

Q = MCy(T, — Ty) (3.96)

From equation 3.96, the duty of the heat exchanger could be determined from a heat balance
given by equation 3.97. This assumes no phase change in any of the fluids.

Q= rthc(Tc,o - Tc,i) = rth,h(Th,i - Th,o) (397)
given;
Q - Heat Transfer, W
m - Mass flowrate, kg/s
Gy - Heat Capacity of the cold or hot streams, J/kg-K
T - Temperature of inlet or outllet hot stream or cold stream, K
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Figure 3.5: Shell and tube heat exchanger (Counter-current flow)

Equation 3.98 refers to the heat transfer utilising the overall heat transfer coefficients, U, total
surface area, 4, and Logarithmic Mean Temperature Difference, LMTD, for single pass design.
The heat transfer area generally refers to the effective outside bare surface area of the tubes,
and the overall heat transfer co-efficient must also be based on this area.

Q = UA(LMTD).F (3.98)

The local temperature difference between the hot stream and the cooling stream (sea water)
will not have a constant value throughout a heat exchanger, and so an effective average value
must be used in the rate equation. The appropriate average depends on the configuration of the
exchanger. For simple counter-current and co-current exchangers the Log Mean Temperature
Difference (LMTD) applies as represented in Figure 3.6; where GTTD refers to Greatest
Terminal Temperature Difference and LTTD refers to Least Terminal Temperature Difference.

Countercurrent flow Co-current flow

N D\>\ w \

S| E =

) : + () [a]
< o clE -
8 E 2l o =
; © :

— -

Heat Transferred Heat Transferred

Figure 3.6: Counter-current flow and co-current flow
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The factor F, refers to correction factor with exchanger configurations with flow passages
being either partially countercurrent or co-current. The magnitude of the factor depends on
exchanger configuration and stream temperatures as given in Appendix D.1 (Gas Processors
Suppliers Association (U.S.), 2012)

The logarithmic temperature difference is obtained from equation 3.99
AT, — AT, (3.99)

ATy
NAT,

LMTD =

Shell and tube exchanger nomenclature are characterised by the front end, shell type and rear
end head type as depicted in Figure 3.7. Within HYSY'S provides a default AEL configuration
for the shell and tube heat exchanger.
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Figure 3.7: Shell and tube exchanger nomenclature courtesy of TEMA - (TEMA, 1988)

In sizing the heat exchanger, the heat transfer area is required which is derived knowing;

Film heat transfer co-efficient

Fouling factor

LMTD (based on hot and cold stream temperatures)

Duty of the heat exchanger
Overall heat transfer co-efficient
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Heat is transferred from a hot fluid to a cold fluid through the tube walls by the flowing process:
convection to the hot fluid wall, conduction through the wall and subsequent convection from
the wall to the cold fluid. Over a period with the heat transfer process; there is the formation
and accumulation of scale and rust, deposits from the fluid, chemical reaction products between
the fluid and wall material, and/or biological growth. This fouling has a low thermal
conductivity and can increase the thermal resistance to heat flow from the hot fluid to the cold
fluid. This thermal resistance of individual fluids is taken into account by a fouling factor,
Ry = 1/h (with units m?2 .K/W); where h is the film transfer co-efficient.

For the purpose of the thesis and to obtain an approximate sizing of the heat exchanger, some
pre-design criteria have been selected based on Heat Exchanger Design Handbook (Hewitt,
2002). The overall heat transfer co-efficient for unfinned tubular heat exchangers is found by
utilising the empirical factors given by equation 3.100. (Shah & Sekuliac, 2003)

1 1 d, d,In(d,/d;) 1 (3.100)
—=|—+R —+ + ( +R )
Y <hgas f,gas) di kw hseawater fiseawater

where;

h - film transfer co-efficient

Ry - fouling resistance of gas (gas in tube, seawater on the shell side)

d, ,d; - outer and inner diameters respectively of the tube.

With reference to the Heat Exchanger Design Handbook (reference Appendix D.3) the
parameters below are assumed. (Hewitt, 2002)

For seawater, the factors for calculating the overall heat transfer coefficient are given as;

h 5000 — 7500 W/m?K
Rs 10 ~*t0 2.5 X 10~* m*K/W

Within the calculator, hseqwater is assumed to be 5000 W/m?K , Ry — 1.5 X 10™* m?K/W
and the gas parameters given as:

h | 250 — 400 W/m?K (1MPa)
500 — 800 W/m’K (10MPa)
Ry | 0— 107* m*K/W

Within the calculator hgg is assumed to be 500 W/m?K Rf —107* m2K/W.
Based on the assumed factors, the overall heat transfer co-efficient, U, is given as;

1 1 1 (3.101)
—_ = [ — —4 - —4
- (500+1o )x 1.0+0+(5000+1.5x10 )

U = 408.16 ~400 W /m2K (3.102)

The area of the heat exchanger can be determined from equation 3.98 knowing the heat transfer,
overall heat transfer co-efficient and corrected LMTD.
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Tube Side Parameters

The tube side specification can be determined from TEMA standards (reference Appendix D.2)
where the outside parameters and the thickness of the tube are indicated and a standard length
can be selected. (Gas Processors Suppliers Association (U.S.), 2012). The number of tube
passes depending on the heat exchanger configuration is also specified (This has been assumed
to be a single pass for the purpose of comparison within this master thesis)

The total length of tubes is determined knowing the total heat transfer area and the area of one
standard tube. The diameter of the tube bundle is determined knowing the tube pattern; be it
triangular or square. The triangular tube configuration is assumed as in Figure 3.8; where P,
is the tube pitch and d is the diameter of the tube. The pitch ratio given by equation 3.103 has
been assumed as 1.25; this is normally the recommended ratio unless process requirements
dictate otherwise. (Sinnott, Coulson, & Richardson, 2005)

Pt

Figure 3.8: Triangular tube bundle configuration

Py (3.103)
D= 1.25
For the triangular pitch, the diameter of the whole tube bundle is found from
NpAreagpe\* (3.104)
Digne = 2 ((Areciase)
Where
V3 (3.105)

Areatube, triangular = 2 (PRdo)z T

The corrected area may be calculated from equation 3.106 for a tube pass greater than 1 (where
n, represents the number of tube passes in the shell) the cross sectional area can be added to
account for the pass partition by multiplying the tube diameter by Dy;gp..

Acorrected = Dtight do (np - 1) + (NTATeatube) (3106)
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Shell Side Parameters

The shell side minimum diameter is related to the number of tubes, tube passes, tube diameter,
tube pitch, tube pitch layout (as indicated above under Tube design parameters) and tube
omissions to allow space for impingement baffles or to decrease the number of tubes in the
baffle windows. This shell side minimum diameter is given by equation 3.107 where two tube
diameters are added to the corrected area for tube passes.

A 0.5 (3.107)
Ds,min -9 ( cor;ected) + Zdo

Baffle Spacing

Heat exchangers are designed with baffles to divert the flow across the bundle to obtain a higher
heat transfer co-efficient and also to give the tubes structural rigidity, preventing tube vibration
and sagging. The number of baffles for a heat exchanger must be determined as these add to
the weight of the heat exchanger. Figure 3.9 depicts the baffle spacing and cut window in
relation to shell.

« L —» «—

Figure 3.9 Heat exchanger baffle spacing- showing cut windows and entrance and exit sections

The number of baffles, N, within the heat exchanger is determined from equation 3.108
knowing the length of the shell L, the central baffle spacing L, . and the baffle spacings in the
inlet and outlet regions L, ; and L, , respectively. (Shah & Sekuliac, 2003)

_ L= Lpi— Ly

N (3.108)
b Lb,c

+1

3.2.2 Mechanical Design (Wall thickness and Weight) and Footprint

The weight and footprint of the shell and tube heat exchanger is calculated based on
assumptions of the empty shell weight as is done with the separator. The weight of the internals
includes the weight of the tubes, the weight of the baffles as well as the nozzles.

The weight of the empty shell is given from equation 3.109 as;
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Wempty sheu = Shell Volume X Density of Steel (3.109)

The total baffle weight is given as;

Whasfie weight = Np (1 — Baffle Window height) x (3.110)
- (Baffle Clearance XIDgper1)?
4

X wall thickness X Density of Steel

In addition to the empty vessel weight, the tube weights are estimated from tube weight per
meter given in Appendix D.2, the length and total number of tubes. This from equation 3.111
gives the total weight of the tubes.

Wiwpes = Tube Weight per meter x Tube Length x N total tubes  (3.111)

For skidded equipment as is the case with separators, equations 3.95 are used for the weight of
the piping, W, weight of skid steel, W, weight of electrical & instrument and the weight of
the total skid, Wgy;4.

3.2.3 Equipment Footprint
The footprint of the shell and tube heat exchanger skid is determined in the same manner as

the separators i.e. from correlations highlighted in Table 3.2. This gives a preliminary
estimation of the designed heat exchanger.

Horizontal Vessels
Skid Width I.D.x 2
Skid Length Seam to Seam length x 1.5
Skid Height I.D. x 2 +1 meter
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3.3 Compressor

Within the offshore processing platform, compression of the gas is performed to transport the
fluid in the gaseous phase to reach rich gas transport specification. The most commonly used
compressors in offshore platforms are centrifugal compressors. They offer a high power to
weight ratio and are manufactured in three configurations: overhung impeller, horizontally split
or vertically split (barrel type).

Overhung impellers are commonly used in single stage service where the impeller is usually
open, backward-bladed. Horizontally split cases are used in applications of high volume and
lower pressure where the casings are split horizontally at the mid-section and repair and
inspections are performed by removing the top half. The vertically split or barrel type
compressors are used in high pressure and low volume applications and are maintained by
removing the compressor barrel from the end of the compressor. More space is required in this
case to facilitate removal, however, can be repaired more quickly with a spare barrel than
horizontally split compressors. (Campbell & Maddox, 1999).

Compressor design is manufacturer specific and performance is based on in-house design
techniques in improving the efficiency. The compressor is characterised by performance
parameters specifically “head” and the theoretical head may be calculated using the isentropic
or polytropic approach. The head is the amount of work per unit mass. In determining the size
of the compressor which is manufacturer specific; the head requirement must be determined as
well as the efficiency and the power.

This project focuses on centrifugal compressors as these are commonly used in offshore gas
processing. Figure 3.10 shows the coverage of centrifugal compressors in specific range of
applications based on discharge pressure and inlet flow. For the purpose of sizing the
compressor, data from a specific manufacturer (Elliott Group) has been obtained to obtain an
approximate sizing. This is captured under Appendix E.1.

E H‘nta_ry:liqulﬂrllg' _‘;\h.'\,'

1

100,000
._--.--_-"“\?:Flr ,
{"”'ﬁn’rf
10,000 e
T
[Fenir,
'E' sinple stage
a Ty
W o 1000 =T
=
=
7
i Recip, = singje slage
g o e st [
& i e -
T
=
=
4
:

1 Rotary-sliding vane

H 1
$ 1 a i’ w 1wt 10" it
INLET FLOW, actrm

Figure 3.10: Compressor Coverage Chart (Gas Processors Suppliers Association (U.S.), 2012)
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3.3.1 Performance calculations

The actual compression process follows a compression path given by the compressor
efficiency, either isentropic or polytropic. Figure 3.11 shows the isentropic compression
process (1-2s) and polytropic compression process (1-2) which relates to infinite small
isentropic compression steps along the actual compression path given by the compressor
efficiency.

h P2
©)
| "
dh
A D - P4
H —
@

s

Figure 3.11: Compression process (Bakken, 2017)

The generalised polytropic process, at constant efficiency (polytropic) is defined as;

pv"™ = constant (3.112)

where
Tl—l_ Kk—1 (3113)
n - K?]p

Given;
n - Polytropic exponent
K - Isentropic exponent
Mp - Polytropic efficiency
p - Pressure
v - Volume

For real gas behaviour, the proper performance calculation has to distinguish between
polytropic temperature exponent (n;) and polytropic volume exponent (n;;) which takes into
account the real gas behaviour when utilising the basic pressure-temperature and pressure-
volume relationships.(Bakken, 2017)

The polytropic exponent varies through the compression process. This makes an exact
analytical solution of the polytropic head, H,,, challenging. The exponent is assumed constant

when solving for the polytropic head equation. This gives an approximate solution of the
integral.
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2 (3.114)

nv
H, = fvdp ~ -1 [p2v, — p2v2]

1

From the real gas equation and equation 3.112, the polytropic head becomes

n,—1
Ho~f ZiR,Ty [<&> ool 1] (3.115)

n,—1 MW |\p;

where Z is the compressibility factor, ftakes into account the change in polytropic volume
exponent n,, along the compression path and is given by equation;

_ has —hy (3.116)
I= v [p,v,5 — pavi]
K, — 1 P2V2s — P1V1

At given suction and discharge conditions the polytropic volume exponent is given by equation
3.117.

i (%) (3.117)

. @)

The polytropic efficiency is given by equation 3.118. The polytropic efficiency is normally
used by vendors when quoting compressor performance as this is essentially independent of
compression ratio and gas composition and is determined from compressor tests. (Campbell &
Maddox, 1999)

n, (p2v2 — p1v1) (3.118)
ny — 1 (hz - hl)

ny—1
_f ny Z1R,T; [(Pz) ny, 1]

r]p=f

n, — 1MW (h, — hy) |\py

3.3.2 Total Compressor Head and Power

The total compressor head is derived from the polytropic head and the polytropic efficiency of
the compressor. Based on experience from evaluation of compressor performance and from
predictions from compressor vendors and process simulation systems; large deviations in
isentropic and polytropic exponents as well as polytropic head and efficiency are obtained. This
is largely due to different equations of state used in the performance analysis.

The total head, H, is calculated by the polytropic head given by equation 3.119.

g M (3.119)
Np

The amount of power, P4, required to compress a fluid, excluding the mechanical and
friction losses is given by equation 3.120
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Prryig = mH = p Q1 H (3.120)

where

P1 - Density at suction , kg/m?
Q4 - Flowrate at suction, m%/s
H - Total Head, m

3.3.3 Mechanical Design (Wall thickness and Weight) and Footprint

The compressor weight and footprint was determined from the manufacturers catalog
corresponding to the calculated power requirements. The power requirements as depicted are
calculated based on parameters of the suction and discharge streams. Since compressor design
is very much company specific, the weight and footprint were directly picked from the Elliot
Compressor catalog highlighted in Appendix E.1. Based on the power requirements the main
compressor configuration was the frame 10 in either vertical or horizontal configuration
depending on the pressure limits.
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3.4 Piping

There are numerous factors that need to be considered when designing, constructing and
operating a pipeline system. These differ in terms of onshore and offshore requirements. The
pipeline systems in offshore processing plants can either be liquid, gas or multiphase pipeline
systems. The total pressure drop required to transport a specified volume of fluid from point A
to point B will consist of

e Frictional component
e Elevation component
e Pipe delivery pressure

The scope of this master thesis with respect to pipeline design is limited to determination of
optimum diameter to achieve a specified flow velocity. This relates to the mechanical
properties of the pipe specifically to wall thickness which in turn relates to weight of the pipe.
The preliminary design is based on assumption of steady-state isothermal flow in gas pipelines.
The scope of this research does not go into pipeline calculations taking into account elevations.

The calculator developed for the pipeline draws up a basic preliminary design calculation for
the offshore gas processing platform based on pressure, flow rate as well as mechanical
properties of pipe to obtain the optimum diameter, wall thickness and pipe weight based on
optimum gas velocity.

3.4.1 General Flow Equation
The fundamental flow equation for the steady-state isothermal flow in a gas pipeline; as shown

in Figure 3.12, is given from equation 3.121 given that in the pipe segment from section 1 to
section 2, the gas temperature T is assumed to be constant (isothermal flow).

=

Figure 3.12: Pipeline illustration - steady flow

Tp\ [(Pf — P} 3.121
Q =1.1494 x 1073 (—b> M D25 ( )
P,/ | (GT;LZf)

Equation 3.121 relates the capacity of a pipe segment of length L, based on an upstream
pressure of P; and a downstream pressure of P, with the assumption that there is no elevation
difference between upstream and downstream points; hence a horizontal pipe.

The general flow equation can be written in terms of transmission factor F, as depicted in
equation 3.122; G represents the gas gravity

B can (To\ [(PE = PP . (3.122)
Q =5.747 x 107*F (P—b) lml D?
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where the Transmission factor, F, and friction factor f are related by equation 3.123

2
2 (3.123)

77

The transmission factor is inversely proportional to the friction factor. The friction factor
indicates the resistance to flow a volume of gas through pipeline, whereas the transmission
factor is a measure of the quantity of gas that can be transported through a pipeline.

When elevation difference between the ends of a pipe segment is included, the elevation should
be incorporated in the length term in the general flow equation as in equation 3.124

Ty) [P —e® P} 3.124
Q = 5.747 x 107*F (—”) lgl D25 (3.124)
Py/| (GTyL.Z)
Where e represents base of natural logarithms and takes the value 2.718.
L’ -1 (3.125)
L,= ——
S
H,—H 3.126
s = 0.0684G l 2 1] (3-126)
TeZ

where s represents the elevation adjustment parameter; H, and H, represent the upstream and
downstream elevation.

L. in equation 3.124 assumes a single slope between upstream point 1 and downstream point
2. For a series of slopes for a pipe segment L each individual subsegment that constitutes the
pipe length from point 1 to point 2 is given by;

es—1 (3.127)
S

j=

j is calculated for each slope of each pipe subsegment of length L,, L, etc that make up the
total length L. The equivalent length L.in equation 3.124 is calculated by summing the
individual slopes as defined below

Le = jili +joLyest + jzlze™® + - (3.128)
The j terms are calculated from each s for each rise or fall in elevations of individual pipe

subsegments. For the purpose of having a preliminary design; this thesis assumes the pipe
segment to be horizontal. (Menon, 2005)

3.4.2 Compressibility factor

The compressibility factor, Z, is a measure of the deviation of a real gas from ideal gas. The
compressibility factor is defined as the ratio of the gas volume at a given temperature and
pressure to the volume the gas would occupy if it were an ideal gas at the same temperature
and pressure.
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There are several approaches to calculating the compressibility factor for a given gas
temperature and pressure. The below are some of the methods used in the determination of Z.
(Menon, 2005)

a. Standing-Katz Method
Method utilises the critical temperature and critical pressure to obtain the
pseudoreduced temperature and pressure where these are used to derive Z factor from
Standing-Katz charts. Appendix F.

b. Dranchuk, Purvis and Robinson Method

c. California Natural Gas Association Method (CNGA); this is given by;

1 (3.129)

Payg 344,400(10)1.7856
1+ Tf3.825

7 =

Which is valid for average gas pressure of more than 6.9 barg (100psig)
P,,, = average gas pressure, psig; where

Ty = average gas temperature, °R

G = Gas gravity (air = 1.0)

Within this thesis, the compressibility factor is obtained from equations based on the Standing-
Katz chart.

3.4.3 Velocity of Gas in Pipeline

The velocity of gas in a pipeline is a critical parameter to be determined at preliminary design.

This is related to flowrate of the gas as an increase in the flowrate of the gas Q results in an
increase in the velocity. The velocity of a gas at any point in a pipeline is given by equation

Qp\ (Py\ (2T (3.130)
= 147349 (DZ) (T,,) ( P )
where
u = gas velocity , m/s
Q, = gas flowrate at standard conditions, m®/day
D = pipe inside diameter, mm
P, = base pressure, kPa
T, = base temperature, K
P = pressure, kPa
T = average gas flowing temperature, K
Z = gas compressibility factor at the flowing temperature

The velocity of the gas as indicated increases with flowrate. As velocity increases, vibration
and noise occur. Higher velocities cause erosion of the interior of the pipe over a long period
of time. Hence, the upper limit of gas velocity or maximum erosional velocity is determined
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from equation 3.131. An acceptable operational velocity is 50% of the erosional velocity.
(Menon, 2005)

C
Uy = (3.131)
\/Z
where
Umax = Maximum or erosional velocity, m/s
C = empirical factor, kg®°m?3s?
p = gas density at flowing temperature, kg/m?

The value of C is given for solids-free fluids based on continuous service and intermittent
service. (Mokhatab, Poe, & Speight, 2006).

Further considerations of corrosion inhibition and the use of corrosion-resistant alloys for
(API RP 14E, 1991) typical values of C are highlighted in Table 3.3.

Table 3.3: Empirical constants for erosional velocity (API RP 14E, 1991)

Continuous Service 100
Intermittent Service 125
Solids-free, No corrosion or CRA 150 -200
material (continuous service)
Solids-free, No corrosion or CRA
material (intermittent service)

150-250

Within this master thesis, the NORSOK standard for sizing of gas and liquid lines and
determining the maximum erosional velocity is used. (NORSOK - Norwegian Oil Industry
Association (OLF) & Standards Norway, 2006)

The gas lines are generally sized in order for the gas velocity not to exceed the acceptable

noise level at the platform or create vibration problems. Per the standard this is given by
equation 3.132 (whichever is lowest);

1 0.43 (3132)
V = 175 (;) or 60m/s

%4 - maximum velocity of gas to avoid noise, (m/s)
p - density of gas (kg/m®)

For the sizing of liquid lines, per the NORSOK standard (NORSOK - Norwegian Oil Industry
Association (OLF) & Standards Norway, 2006), maximum velocity is given by Table 3.4.
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Table 3.4: Maximum velocities for sizing of liquid lines

Maximum Velocities (m/s)

Fluid Stainless

Carbon Steel CuNi GRP
Steel

Liquids 2 6 7 3 6
Liquids with Sand 3 5 7 N/A 6
Liquids W|t_h Igrge quantities 4 4 N/A N/A
of mud or silt
Untreated Seawater * 3 7 3 6
Deoxygenated Seawater 6 7 3 6

Notes:

1) For pipe less than DN200 (8"), see BS MA-18 for maximum velocity limitations.

2) For Stainless Steels and Titanium the maximum velocities is limited by system design
(available pressure drop/reaction forces).

3) Minimum velocity shall normally be 0.8 m/s

4) Minimum velocity for CuNi is 1.0 m/s.

With intermittent service, the velocity can be increased to 10 m/s. For CuNi the maximum
velocity limit is 6 - 10 m/s depending on the duration and frequency of operation.

With corrosion inhibited fluids in carbon steel piping, the velocity is limited to wall shear stress
of 40 N/m2to maintain the corrosion inhibiting film at the pipe wall, with the corresponding

maximum velocity:
30 (3.133)
Vinax = f_,D (m/s)

f - Fanning’s Friction factor = %4 of Dacy’s friction factor (Moody diagram)
p - density of gas (kg/m®)

For the purpose of the master thesis, the production flowrates are defined so as not to exceed
optimum velocity given under equation 3.132 for gas lines. Also, maximum velocities of
condensate and liquid lines are evaluated based on information from Table 3.4 for liquids with
stainless steel (SS) with 7m/s as maximum velocity.

This would mean the limitations of achieving high production flowrates are due to erosional,
vibration and noise limits on pipelines as well as operational envelopes on subsea processing
equipment.

3.4.4  Friction Factor
Accurate predictions of friction are required to understand the relation of pressure drop along
a pipe at a given flow rate. This project looks only at Darcy friction factor f and not the Fanning

friction factor (where 4 times the Fanning Friction factor results in the Darcy friction factor).
For laminar flow, the friction factor is inversely proportional to the Reynolds number;
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64 (3.134)

f'= %e

For turbulent flow, the friction factor is a function of the Reynolds number, pipe inside diameter
and internal roughness of the pipe. Many empirical relationships are available for finding f .
These could be;

e Colebrook-White equation / S. E Haaland

e American Gas Association (AGA) equation

For the purpose of this project, the friction factor would be derived from the modified

Colebrook equation ; given as
6.9 (¢/D L
Re 3.7

3.4.5 Wall thickness (ANSI/ASME Standards)

1 (3.135)
— = —1.8log
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The pipeline transmitting gas is subjected to various stresses. These include internal pressure
from the fluid being transported, external stresses which could be as a result of hydrostatic
pressure acting on the pipe in the case of subsea pipeline or pressure as a result of the weight
from soil in the case of a buried pipeline.

In a subsea application the minimum wall thickness will be dictated predominantly by the
internal pressure as well as the external pressure. The minimum wall thickness will depend on
internal pressure, pipe diameter and the material of the pipe. The larger the pressure or
diameter, the larger the wall thickness required. Steel pipes made of higher strength materials
can withstand higher pressures hence will require less wall thickness as compared to low-
strength materials.

In determining the wall thickness of the pipe, standards have been set out by the American

Society of Mechanical Engineers (ASME) depending on the mode of application. Table 3.5
below highlights the piping codes used within the oil and gas industry.

Table 3.5: ASME Piping Codes

ASME Piping Code Application

ANSI/ASME Standard B31.1 Power Piping

ANSIASME Standard B31.3 gir;)ei:]ng;cal plant and Petroleum Refinery
Liquid Transportation Systems for
Hydrocarbons, Liquid Petroleum Gas,
ANSI/ASME Standard B31.4 Anhydrous Ammonia, and Alcohols. This
standard applies to onshore oil pipeline
facilities.

Gas Transmission and Distribution Piping
Systems. This standard applies to gas
transmission, gathering, and distribution
pipelines onshore.

ANSI/ASME Standard B31.8
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The thesis analyses the wall thickness based on ASME codes B31.3, 31.4 and 31.8.
The wall thickness based on ASME 31.3 is given by equation 3.136

_ Pd, 100 (3.136)
b=ttt [Z(SE + PY)] [100 —T,,
where
t - wall thickness , mm
t, - corrosion allowance, mm
ten - thread or groove depth, mm (reference Appendix G.3)
P - allowable internal pressure in pipe, Pa
d, - outside diameter, mm
S - allowable Stress for Pipe, Pa (reference Appendix G.4 and Appendix G.5)
E - longitudinal weld-joint Factor (reference Appendix G.6)
Y - derating factor (0.4 for ferrous materials operating below 900°F)

T, - manufacturers allowable tolerance, % (12.5 pipe up to 20in. -OD, 10 pipe > 20 in
OD, API 5L

The wall thickness given by ASME 31.4 is given by equation 3.137

_ Pd, (3.137)
L= 2 FES)
where
t - wall thickness , mm
P - internal pressure in pipe, Pa
d, - outside diameter of pipe, mm
Sy - allowable Stress for Pipe, Pa (reference Appendix G.7)
F - derating Factor, 0.72 for all locations
E - longitudinal weld-joint Factor (1.0 seamless, ERW, double submerged arc weld and
flash weld; 0.80 electric fusion (arc) weld and electric fusion weld, 0.6 furnace butt

weld

The wall thickness given by ASME 31.8 is given by equation 3.138

p__Pdo (3.138)
~ 2(FETSy)

where

t - minimum design wall thickness , mm

P - internal pressure in pipe, Pa

d, - Qutside diameter of pipe, mm

Sy - minimum yield stress for Pipe, Pa (reference Appendix G.8)

F - design factor (reference Appendix G.9)

E - Longitudinal weld-joint Factor (1.0 seamless, ERW, double submerged arc weld and
flash weld; 0.80 electric fusion (arc) weld and electric fusion weld, 0.6 furnace butt
weld (reference Appendix G.10)

T - temperature derating factor (reference Appendix G.11)

In this calculator developed for the pipeline, the wall thickness has been determined using the
ASME standards as well as from pipeline standard data.
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3.4.6 Mechanical Design (Wall thickness and Weight) and Footprint

In pipeline design, the weight off the pipe is required to ascertain the cost of the pipeline. This
is dependent on the material of construction, the size of the pipe taking into account the wall
thickness based on the application and the corrosion allowance.

From the determined outside diameter and wall thickness, a simple correlation to determine the
weight of the pipe based on steel as material is given as;

w=0.0246 Xt X (d, — t) (3.139)
where
w - pipe weight, kg/m
d, - pipe outside diameter, mm
t - pipe wall thickness, mm

The equation relates to pipes made of steel and incorporates the density of steel. For other pipe
material, the ratio of densities can be applied to account for pipe weight for non-steel pipe.
(Menon, 2005)

It is worth noting that for this master thesis, two general methods where investigated in
determining the wall thickness. The first utilising the ANSI/ASME standards based on the
application. The second, a more simplified approach, uses standard pipe parameters and
optimum flowrates based on NORSOK standards (refer to section 3.4.3). Also, actual sectional
pipeline lengths have not been considered or modelled in the absence of actual pipeline field
data for comparison purposes. Weights of the pipeline have been presented as weight per metre
(kg/m). Refer to Appendix G.2.
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3.5 Pumps

3.5.1 Pump Design

There are various pump designs by numerous vendors for specific pumping applications. For
the purpose of this master thesis, a basic centrifugal pump design is assumed to narrow down
on basic design parameters needed to assess the performance and required parameters for the
equipment analysis.

The pumps required for gas processing are seawater pumps to provide cooling for the shell and
tube heat exchangers. With that in mind, the pump is needed to deliver an amount of seawater
(flowrate) to achieve the necessary cooling or heat transfer for the process. Parameters to be
investigated are;

e Head :- This includes the total differential head.

e Net Positive Suction Head Available (NPSHA) versus Net Positive Suction Head
Required (NPSHR)

e Pump Power

Total Differential Head

The total differential head of a pump is determined by the flowrate of liquid being pumped and
the systems through which the liquid flows. Frictional head losses exist in the system which
work against the pump and the static head difference which is the difference in head between
the discharge static head and the suction static head. This is given as

Total dif ferential Head = Static Head dif ference + Frictional head losses

Static Head Difference
The static head difference across the pump is given as the difference in head between the
discharge static head and the suction static head. Given as;

Static Head dif ference = discharge static head — suction static head

Discharge Static Head — This is the sum of the pressure existing at the surface of the liquid in
the discharge vessel in this case within the heat exchanger (expressed as head) and the
difference in elevation between the discharge line and the centre line of the pump. Given as;

Discharge static head
= Discharge vessel gas pressure head + elevation of discharge pipe outlet
— elevation of pump centre line

Suction Static Head - The static Suction Head is the sum of the gas pressure at the surface of
the liquid in the suction vessel (expressed as head) in this case this is assumed as a tank of
seawater and the difference in elevation between the surface of liquid in the suction vessel and
the centre line of the pump.

Suction static head
= Suction vessel gas pressure head + elevation of suction vessel liquid surface
— elevation of pump centre line

56



Frictional Head Losses
The Frictional losses in the system is comprised of the frictional losses in the suction piping
and discharging piping system.

Friction in the piping system is as a result of viscous effects within the pipe. This is given from
the Darcy-Weibasch factor (Cimbala & Cengel, 2008) in equation 3.140. The fittings, valves
and bends contribute to the losses in the pipe. From the GPSA Engineering Data Book
highlights equivalent lengths for valves and fittings for calculation of the losses within the
piping system. This is captured under Appendix I. (Gas Processors Suppliers Association
(U.S)), 2012)

__ LpVa, (3.140)
where the pressure loss is dependent on
f - friction which is defined under
1 201 Ke/D) N 2.51 l (3.141)
— = —-2.0lo
77 S\37) 7 ReJF

L - length of pipe, m

D - diameter of pipe, m

p - fluid Density, kg/m?

Vavg - average Fluid velocity, m/s

Net Positive Suction Head Available (NPSHA)

The Net Positive Suction Head Available (NPSHA) is given as the difference between the
absolute pressure at the pump suction and the vapour pressure of the liquid being pumped at
the given temperature. The pressure at the suction needs to be above the vapour pressure to
maintain the liquid being pumped in the liquid state and prevent the formation of vapour-filled
bubbles. These bubbles could cause cavitation in the pumps which in turn causes undesirable
noise, vibrations, reduction in efficiency and possible damage to the pump impeller blades.
The calculated NPSHA must exceed the Net Positive Suction Head Required (NPSHR) given
from the manufacturer specification for the specific pump and indicated on the pump curve.
The NPSHA is given as;

NPSHA = Absolute Pressure Head at Suction — Liquid Vapour Pressure Head
Pump Power

Driver selection for pumps could range from electric motors, diesel engines and steam turbines.
The pump power is given by

p P9t (3.142)
n
Where
P - power, W or kW
p - fluid density, kg/m®
g - acceleration due to gravity, m/s?
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Q - flow rate, m%/s
H - total differential head, m
n - pump efficiency

3.5.2 Submersible Pump (Seawater pump)

In the case of the master thesis, it should be noted that a submersible pump was modelled as
this is normally the pump type used as a seawater pump for offshore installations. The principle
behind the submersible pump is similar to that of a centrifugal pump where the Total Dynamic
Head is determined by the pump levels and frictional losses.

The submersible pump is submerged below sea level placed in a protective casing or caisson.
They do not require a pump room and are suspended from riser pipes in caissons mounted
outside or integrated into the hull. With such a design the contribution of the submersible pump
to footprint is negligible.

The seawater pumps in this application are used as source of power for the cooling media (sea
water) in the heat exchangers during the processing of the gas. The seawater rates of the pump
are determined by the heat transfer required in the heat exchanger of the shell side. Figure 3.13
shows the pictorial view of the sea water pump layout.
The Total dynamic head (TDH) of the submersible pump is given by equation 3.143

TDH = Pumping Level + Vertical Rise + Friction Loss (3.143)

The vertical rise is been assumed to be zero as the discharge (horizontal pipe) has been assumed
to be on the same level as the heat exchanger.

o (=)

N L~

Figure 3.13: Submersible pump layout
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The frictional losses are correlated from Appendix 1.2 knowing the pipe size and required
flowrate.

Friction Loss = Total Length X friction loss (pipe)factor + friction loss (fittings) (3.144)

The submersible pump to deliver the required flow rate and head is chosen from the vendor
information (courtesy of Framo) given under Appendix I.3.

3.5.3 Mechanical Design (Wall thickness and Weight) and Footprint

There are many pump manufacturers and designs for specific applications. The pump design
flowrate total head and pump weight are obtained from the manufacturer’s catalog. As pump
designs are manufacturer specific the designs needed for the study were taken from Framo
Submersible Model pump indicated in Appendix 1.3.
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4 Simulation of Offshore Gas Processing Plant

This chapter highlights the model build-up of the offshore processing plant. ASPEN HYSYS
was used to simulate the plant based on the case study scenario highlighted in Chapter 1. The
platform inlet of 90 bara and temperature of 5°C was given. The hydrocarbon cricondenbar
specification of 90 bara and export conditions of 200 bara and 15°C are also specified for the
process with a feed flow rate of 5SMMscmd.

The model simulates the main processes to achieve the specifications given. These include;
e Saturation of the gas to model wet gas
e Condensate stabilisation
e Dew point control/ Cooling and separation
e Gas dehydration using component splitter

The objective is to utilise the simulation to develop the process equipment calculators based
on the theory highlighted in Chapter 3. In addition, the simulation is used to perform analysis
with respect to different thermodynamic models specifically Soave-Redlich-Kwong (SRK) and
Peng Robinson (PR). Other life-of-field parameters are compared which are captured in the
chapters that follow. The simulation was used in comparing the equipment calculators with the
simulation based on different thermodynamic models;

4.1.1 Saturation of Gas

The gas conditions from the case study given were simulated to saturate the well stream at
180 bar and 80°C prior to entering the plant at inlet separator.

Water
0 9y
—_— %0 —
GasWell [ Saturated

op-100 gas

Figure 4.1: Saturated gas process

4.1.2 Condensate Stabilisation

The condensate stabilisation process is a 3-stage flash process. The liquid stream from the inlet
separator is heated to aid in separation of the gas and liquid components which includes
monoethylene glycol (MEG). The liquid component from the boot of the 1% stage 3-phase
separator would be directed to the MEG unit for regeneration. The MEG regeneration stream
is not included in the process simulation. The condensate stream undergoes further flashing
from 77 bar to 8.8 bar and then to atmospheric conditions where stable condensate is obtained.
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The 3-stage flash separation incorporates the use of:
i 3-phase Horizontal Separator
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Figure 4.2: Condensate stabilisation layout

4.1.3 Hydrocarbon Dew Point Control

The hydrocarbon dew point of the process is achieved with the use of heat exchangers,
scrubbers and compressors. By cooling the gas stream and separating out the heavy
components the dew point of the mixture is controlled.

This is done to extract the liquid component for market and to prevent freeze out of the heavy
components during transport. The cricondenbar specification of 90 bar was achieved with a
Joule Thompson valve with pressure let down to 77 bar downstream of the valve.
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Figure 4.3: Hydrocarbon dew point control layout

4.1.4 Dehydration

The simulation developed on ASPEN HYSYS pertaining to the scope of this project does not
include the absorption and regeneration portion of the processing plant. This could be
considered for a future project. For the purpose of simulating the gas to meet the required water
specification post the dehydration unit; a component splitter has been used to represent the dry
gas specification from the dehydration unit. A water specification of 36 ppm has been simulated

with the component as shown in Figure 4.4 .
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Figure 4.4: Component splitter (Dehydration specification)

4.1.5 Compression and cooling for export

The dry gas after meeting cricondenbar and dew point specification is compressed and routed
via pipeline for further processing onshore. The compression and cooling process is undertaken
in two stages with a heat exchanger and gas scrubber to remove any entrained liquids that could
damage the export compressors. The dry gas is compressed and cooled to meet platform outlet
specification of 200 bar and 15°C.
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Figure 4.5: Export compression unit

The entire layout of the simulation performed on ASPEN HYSYS is shown in Figure 4.6.
Appendix J shows the detailed stream and equipment property tables generated on ASPEN
HYSYS.
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Figure 4.6: Offshore natural gas processing - Simulation of base case using ASPEN HYSYS
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5 Evaluation of Equipment Calculator with HYSYS.

This chapter demonstrates the use of the theory highlighted in Chapter 3 in sizing equipment
for the offshore gas processing plant. The sizing design calculations were performed for the
separation train for condensate stabilisation, compressor scrubbers, heat exchangers,
compressors and pipeline. The design calculations herein referred to as “sizing calculator”
were developed in MS Excel. The ASPEN HYSYS software was utilised in simulating the
offshore processing plant (investigating both SRK and PR EoS) and used in conjunction with
the calculator. The calculator developed is not designed for rigorous in-depth equipment design
however gives a basis for preliminary design and sensitivity. The analysis gives an output of
the different parameters of length, width, height, performance parameters, weight and footprint
of the equipment.

5.1.1 Separation Equipment

The offshore processing platform utilises different types of separation equipment for different
objectives. Separation equipment is utilised for condensate stabilisation for flash separation,
scrubbers for liquid removal from gas and to ensure compressor safe operation. The design of
the Separator Calculator is based on different theoretical methods and best practices for
separator design from Petroleum and Gas Field Processing by Abdel-Aal H.K.; Mohammed
Aggour and Fahim M.A. as well as Design Two-Phase Separators Within the Right Limits and
Successfully Specify Three-Phase Separators by Monnery W. D and Svrcek W. Y. Figure 5.1
and Figure 5.2 give the typical design layout of the calculator for both 2-phase and 3-phase
separator.
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Figure 5.1: 2-Phase vertical and horizontal separator design layout
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Figure 5.2: 3-Phase vertical and horizontal (weir configuration) separator design layout

Section A-A

The Separator calculator gives an overview design of the different types of separators within
the modelled simulation. These are classified under;

5.1.1.1 Condensate Stabilisation

The separators utilised for condensate stabilisation within the process were a three-phase
horizontal for the 1% stage flash separator to include MEG Regeneration. This configuration or
type was assumed and designed as a separator with interface control with weir as depicted in
Figure 5.2.

Appendix C.4 gives a representation of the calculator developed and incorporates the functional
design for 3-phase horizontal separator labelled as 1%'Stage 3-phase Separator which is the 1%
stage flash separation. The 2" and 3" stage flash incorporate 3-phase horizontal separators and
have been designed as such within the calculator as depicted in Figure 5.2. The 3" stage flash
upon investigation did not contain any water for the production flowrate investigated. Hence,
this was actually modelled as 2-phase horizontal separator to take into account no liquid water.
An example of the procedure in setting up the design is also explained in detail under section
5.1.14.

Upstream of the condensate stabilisation process is the receiving separator, termed Inlet

Separator, which is a 2-phase vertical separator designed to separate large volumes of gas and
entrained liquids. This is depicted in Figure 5.1. Appendix C.1 gives the representation of the
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calculator. A detailed step-wise procedure in developing the calculator is presented under
section 5.1.1.3.

The design of the separators was done to ascertain a length-to diameter ratio of 1.5 to 6.0 for
the 2-phase horizontal and 3-phase horizontal separators. This was assumed as the optimum
target for the equipment design. Table 5.1 and Table 5.2 show the results of the sizing calculator
for the 3-stage flash separators utilising SRK and PR EoS for fluid characterisation.

5.1.1.2 Compressor Scrubbers and Liquid Removal (High Pressure Export Compressors)

Two-phase vertical separators are used upstream of the compressor as scrubbers for safety. The
scrubbers are used to remove 3-5 volume % of liquid. The limits of the scrubbers have a carry-
over specification of 13 litres/Msm?®. Within the HYSYS model the separators for the high
pressure (HP) compressors have been simulated to have approximately no liquids entering the
1% stage and 2" stage HP compressor scrubbers and gives no sizing relation in HYSYS. Within
the calculator on the other hand, a conservative design flowrate of liquids has been assumed to
account for liquids carryover. The separators have been given the nomenclature 1% stage and
2"d stage High Pressure Compressor Scrubber. Table 5.3 and Table 5.4 captures the output of
the calculator for the 2-phase HP compressor scrubbers.
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Table 5.1 and Table 5.2 highlight the base case 3-phase separator calculator design results utilising input parameters from SRK EoS and PR EoS.

Table 5.1: 3-Phase horizontal separator design parameters with Soave Redlich-Kwong EoS

Temperatur Footprin
THREE PHASE Flow Rate | Pressure e Diameter | Length | L/D t Volume | Weight
SEPARATORS 3 > 3
sm*/h bar °C m m m m kg
3-Phase Horizontal
1st Stage 3-Phase Separator 20,350 77 69.7 2.68 7.42 2.77 59.7 380 129,551
2nd Stage Separator 14,280 8.8 68.8 2.91 6.74 2.30 58.8 400 17,227
3rd Stage Separator* 7,464 1.013 20.0 1.58 2.38 151 18.8 78 1,157
Table 5.2: 3-Phase horizontal separator design parameters with Peng Robinson EoS
Temperatur Footprin
THREE PHASE Flow Rate | Pressure e Diameter | Length | L/D t Volume | Weight
SEPARATORS 3 > 3
sm°/h bar °C m m m m kg
3-Phase Horizontal
1st Stage 3-Phase Separator 19,580 77 68.8 2.64 7.35 2.78 58.8 366 124,917
2nd Stage Separator 13,618 9 67.9 2.88 6.70 2.32 58.1 393 16,935
3rd Stage Separator* 7,252 1.013 20.2 1.57 2.37 1.51 18.5 77 1,154

*In the sizing calculator this was modelled as a 2-phase horizontal separator as HYSYS simulation did not have parameters for heavy liquid

phase water.
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Table 5.3 and Table 5.4 highlight the 2-phase separator design specifications and makes a comparison of the calculator sizing design with the
output parameters from HYSYS as input for the calculator. The output parameters from utilising SRK and PR are shown.

Table 5.3: Separator design parameters with SRK EoS

Temperat

TWO PHASE SEPARATORS | Flow Rate | Pressure ure Diameter Height Footprint | Volume Weight

sm®h bar °C m m m? m® kg
2-Phase Vertical
Inlet Separator 214,200 77 0.7 1.70 7.6 14.5 180.2 52,603
2nd Stage LP Compressor 8,677 8.8 24.4 0.78 29 3.1 16.2 881
Scrubber
Intermediate Separator 13,870 77 38.9 0.59 13.2 1.7 35.8 11,814
Dehydration Scrubber 202,800 77 2.6 1.57 2.3 12.3 54.2 14,383
1st St. HP Comp Scrubber** 202,800 77 25.1 1.64 2.3 13.3 59.4 15,495
2nd St. HP Comp Scrubber** 202,800 120 30.0 1.49 2.2 11.0 48.1 19,659

Table 5.4: Separator design parameters with Peng Robinson EoS
Temperat

TWO PHASE SEPARATORS | Flow Rate | Pressure ure Diameter Height Footprint | Volume Weight

sm3/h bar °C m m m? m? kg
2-Phase Vertical
Inlet Separator 213,500 77 0.4 1.68 7.5 14.1 174.1 50,776
2nd Stage LP Compressor
Scrubber 8,144 8.8 24.1 0.75 2.9 2.8 15.2 846
Intermediate Separator 13,240 77 38.7 0.57 11.6 1.6 29.7 9,908
Dehydration Scrubber** 202,900 77 2.3 1.55 2.3 12.1 53.1 14,107
1st St. HP Comp Scrubber** 202,900 77 25.1 1.62 2.3 13.0 58.4 15,243
2nd St. HP Comp Scrubber** 202,900 120 30.0 1.47 2.2 10.7 47.1 19,259

**|n the process, these separators do not have a liquid phase. The separator was given a conservative design assuming liquid phase of density
1000kg/m? and a flowrate of 0.000001m4/s
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Based on the results of the separator design and as summarised in Figure 5.3 and Figure 5.4,
utilising different equations of state; either Soave-Redlich-Kwong or Peng Robinson
parameters, has an effect on design sizing of the separator. This is due to the differences in
PVT fluid characterisation derivation from the different equations of state. This creates
differences input design parameters such as density and flow rate which in turn impacts the
output design parameters such as diameter, height or length, footprint and weight required for
effective separation of the gas and liquid phases. The figures show a relative difference between
the two thermodynamic models with SRK as the reference. Majority of the parameters showed
reduced results for PR as compared to SRK.

Due to these differences in PVT characterisation (example as seen from temperature in ) as a
result of different EoS as much as ~3.5% difference is observed in some design parameters
such as weight in the 3-phase 1% Stage horizontal separator.

Another observation (from Figure 5.4) is the marked difference of ~35% in temperature
specifically the Inlet separator (2-phase vertical) as well as the significant differences in the
weight and volume calculations for the Intermediate separator. This noted difference could be
as a result of the known varied liquid volumetric predictions between the SRK and PR Eo0S as
these separators have large amount of liquids and also due to the fact that PR EoS underpredicts
saturation pressure of reservoir fluids compared with the SRK EoS (Whitson et al., 2000).

3-Phase Horizontal Separator (Comparison of SRK and PR)
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Figure 5.3: 3-Phase horizontal separator - Design comparison between SRK and PR EoS
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2-Phase Vertical Separator (Comparison of SRK and PR)
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Figure 5.4: 2-Phase vertical separator- Design comparison between SRK and PR EoS

5.1.1.3 Stepwise procedure for developing the 2-phase Vertical Separator calculator using

API1/GPSA sizing constant Ks (Svrcek & Monnery, 1993)

Input parameters for the 2-phase vertical separator are obtained from the HYSYS model.
Reference Appendix C.12 for design sketch of the separator.

1.

The input parameters are liquid phase density, gas phase density, molecular weight of
feed, gas flow rate in standard conditions and liquid actual volume flow rate.

The sizing constant, K, is chosen from Table 3.1 or from GPSA Standards for the
application.

Obtain the vapour mass velocity from equation 5.145.

Determine the diameter of the separator from equation 5.147 if there is a mist eliminator
add 0.1524 m for allowance.

Determine the holdup and surge time from Appendix C.7. for the application of the
separator.

Determine the holdup volume, V; ,and surge volume, Vs, from equations 5.148 and
5.149.

Determine the low liquid level height, H;;; from Appendix C.8.

Calculate the height from low liquid level to normal liquid level, Hy, and the normal
liquid level to high liquid level (or high level alarm) Hg from equations 5.151 and 5.152.
Determine the height from high liquid level to the centreline of the inlet nozzle based
on having an inlet diverter or not from equation 5.153 where dy is calculated from
5.154.
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10. Determine the disengagement height, from the centreline of the inlet nozzle to:
a. The vessel top tangent line if there is no mist eliminator or
b. the bottom of the demister pad from equation 5.155.

11. The total height of the vessel is determined from equation 5.156.

Weight Calculation

12. Determine the wall thickness and empty vessel weights from equations 3.92, 3.93 and

3.94.
13. The total weight of the vessel is calculated from equation 5.157 knowing the weight

of the internals, weight of the nozzles, piping, electrical and instrumentation and skid.

EQUATIONS
p—pg)"* L= py|"”
v =K lul m/s U, = O.75KS[ : gl m/s
Pg g
(5.145) (5.146)
4q
Dinin = /mj m Vi = TyQm?®
(5.148)
(5.147)
Vs = TsQ o m? Vs = TsQ,m?
(5.149) (5.150)
VH VS
Hy = ———= Hy = ——<7
“= @z ™" $= @/mpg "
(5.151) (5.152)
0.5
(with inlet diverter in metres) dy = u m
How = 12+ 1/, dy ~ 3.2808 | m60
2 VPm

(without inlet diverter in metres)

(5.153) Qm=0Q,+ Q, m®/s

Pm = pA+p,(1—2) kg/m?

:L
QL+ Qy

(5.154)

A

Hp = 0.5 Dy or a minimum of Hy = Hy, + Hy + Hg + Hyy + Hp +
Hp= 36+1/,dy Hyg meters
(without mist eliminator) (5.156)
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(with mist eliminator)

Units in metres
(5.155)

t = 2.54 bd
et XosE—o2p

(3.92)

W, =3.47dtkg/m
(3.93)

I/VU = WbL + M/I + WN
(3.94)

W, = 0.4« Weight of Empty Vessel
(Weight of Piping)

Wy = 0.08 * Weight of Empty Vessel
(Weight of Electrical and Instrument)

Ws = 0.1« Weight of Empty Vessel
(Weight of Skid steel)

Total weight = W, + Wg + Ws kg

(5.157)

5.1.1.4 Stepwise procedure for developing the 3-phase Horizontal Separator (with weir)

calculator

Input parameters for the 3-phase horizontal separator are obtained from the HYSYS model.

Reference Appendix C.11 for design sketch of the separator.

1. The input parameters are density, viscosity flow rate holdup and surge times for different

phases/fluids as well as pressure.

2. The sizing constant, K, is chosen from Table 3.1 or from GPSA Standards for the

application.

3. Obtain the vertical terminal velocity, U; from equation 5.145. and the conservative

velocity, U,,, from equation 5.146.

4. Select the holdup and surge times from Appendix C.7 and determine the holdup volume,

Vy, and surge volume, Vs, from equations 5.148 and 5.149.
5. Obtain the initial L/D ratio from Appendix C.9.
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10.

11.

12.

13.

14.

15.
16.
17.
18.

19.

20.

21.
22.

23.

Determine the diameter of the separator from equation 5.158. and the area, A, from
equation 5.159.

Set the vapour space height H,, to to the larger of 0.2D or 0.6096 m.(0.3048m without a
mist eliminator). Using Appendix C.10 calculate A, from H,,/D and A,,/Ar.

Calculate low liquid level height, H;;;, from equation 5.160if D < 1.22m;then H;;; =
0.2286m. Knowing H;;; /D and from Appendix C.10 can calculate 4;;; .

The weir height, Hy,, is calculated from equation 5.161. If H,, < 0.6096m increase D
and repeat calculations from step 7.

Calculate the minimum length of the light liquid compartment to accommodate
holdup/surge, L, from equation 5.162. The minimum length for L, to be L, = dy +
0.3048m, where dj is the nozzle diameter.

Set the interface at the height , Hy, /2 to 50% of the separator height (or other). This is
to define Hy,, and H; ;.

For the liquid settling compartment, using the cross-sectional area of the heavy liquid
Hy. /D determine Ay, from Appendix C.10 and from equation 5.163 determine the
cross-sectional area for light liquid, A;; .

Calculate the settling velocity of the heavy liquid out of the light liquid phase, Uy, and
the light liquid out of the heavy liquid phase, U,y, using equations 5.164 and the
assumed K.

Calculate the settling time for water to rise out of the oil, ty;, and the settling time for
oil to rise out of the water, t;;, by dividing the known oil or water pad heights by the
respective settling velocity. le t;;, = Hy, /U,y and ty, = H;; /Uy,

Determine minimum L, based on equation 5.165

Thisgives L = L; + L,

Liquid dropout, ¢ ,is calculated from equation 5.166 and the actual vapour velocity,
Uy 4, from equation 5.167.

The minimum Length, L,,:», required for vapour-liquid separation is calculated from
equation 5.168.

If L <LpipSet L =Lyi,. IfL <<L,,;, then increase H, recalculate A, and repeat
calculations from step 7.

If L >L,,;,design is acceptable.

If L >>L,,;n (liquid Separation and Hold Up control) L can only be reduced and
Lminincreased if Hy is reduced. H, may only be reduced if it is greater than minimum
in L> calculation from step 10.

Determine L/D. If L/D<<1.5 then decrease D (unless already at minimum) if L/D
>>6.0 increase D and repeat from step 6.

Determine the wall thickness as with equation 3.93.

Increase or decrease diameter by 0.1524 m and repeat calculations until L/D ranges
between 1.5-6.0.

After obtaining optimum vessel size, calculate normal and high liquid levels from
equations 5.169 and Hy;; from Appendix C.10.

74



EQUATIONS

1
_ 1 (160 + WY 4 =0
3.2808\0.6 = (L/D) 4
(5.158) (5.159)

H,,, = 0.0254(0.5D +7) m

(5.160) (5.161)
L Vy + Vs
= m
? Ar —Ay — A Ay, =Ar — Ay — Ay, m?
(5.162) (5.163)
K _
U, = s(oy — pL) m/s
o _ (tLH Qnur tyr QLL)
L; = max ) ) )
Ks(py — p1) HL LL
Upy = m/s
Uy
(5.164) (5.165)
¢ =Hy/ Uy Uya = Qu/Ay mis
(5.166) (5.167)
Lin = Uyad m Hyy, = D — Hy

Anpp = Ap —Vy/Ly

(5.168)

(5.169)
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5.1.2 Heat Exchanger

The heat exchangers employed within offshore gas processing facility perform the main
functions of dew point control by the method of cooling and separation and also to cool down
the gas to meet export specifications.

The heat exchangers required to aid in the cooling separation process are the 1% stage
compressor discharge cooler and the 2" stage Compressor Discharge Cooler. The utility
within the heat exchanger for cooling down the gas is sea water at 5°C and leaving the heat
exchanger at maximum 20°C. As highlighted in Chapter 3.2 the design incorporates
assumptions made on the fouling factors and film transfer coefficients for natural gas and sea
water at prevailing conditions. A counter current shell and tube (one pass) heat exchanger has
been assumed. The fouling factor and film transfer coefficients used within the sizing calculator
were assumed and are explained in chapter 3.2 and given under Appendix D.3.

Appendix D.4 represents the design calculations for the designed heat exchangers.

Table 5.7 and Table 5.8 show the output design sizing parameters for the calculator utilising
the SRK and PR EoS. Based on the output of both designs as depicted from Figure 5.5; the
evaluation showed differences as much ~7% in parameters such as duty. Differences as much
as 3.2% were observed in parameters such as shell diameters and footprint covered by the heat
exchanger with weight reaching a difference of 6%.

The largest differences in design parameters were observed in the 2" stage discharge cooler.
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Table 5.5: Heat exchanger design parameters with SRK EoS

HOT: T1 | HOT: T2 | COLD: T1 | COLD: T2 LMTD Shell Diameter | Footprint | Weight | Overall U | Duty | Massflow
HEAT EXCHANGER
°C °C °C °C K mm m? kg W/m2K kw kgls
1st St. Compressor Discharge Cooler 112.4 25 5 20 47.3 258.5 1.6 617 408 195 1.04
2nd St. Compressor Discharge Cooler 163.5 30 5 20 67.8 420.5 3.8 2,310 408 1,142 3.11
1st St. HP Compressor Cooler 63.3 30 5 20 333 796.5 13.1 16,985 408 4,538 46.65
2nd St. HP Compressor Cooler 71.4 50 5 20 48.1 646.7 8.2 8,491 408 3,162 46.65
Table 5.6: Heat exchanger design parameters with PR EoS
HOT:T1 | HOT: T2 | COLD: T1 | COLD: T2 LMTD Shell Diameter | Footprint | Weight | Overall U | Duty | Massflow
HEAT EXCHANGER
°C °C °C °C K mm m? kg Wim2-K | kW kgls
1st St. Compressor Discharge Cooler 112.8 25 5 20 474 252.5 1.6 590 408 186 0.98
2nd St. Compressor Discharge Cooler 163.5 30 5 20 67.8 406.5 3.6 2,155 408 1,060 2.90
1st St. HP Compressor Cooler 62.9 30 5 20 33.2 792.7 13.0 16,807 408 4,475 46.78
2nd St. HP Compressor Cooler 70.9 50 5 20 47.9 637.1 8.1 8,238 408 3,048 46.78
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Figure 5.5: Heat exchanger design comparison between SRK and PR EoS
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5.1.2.1 Stepwise procedure for developing the Heat Exchanger calculator

Input parameters for the heat exchanger are obtained from the HYSYS model.

1.

10.

11.

12.

13.
14.

15.

16.
17.

The input parameters for both the tube and shell side are density of fluid, mass flow rate
(tube fluid only), specific heat capacity, temperature in, temperature out.

For the purpose of the project the film transfer coefficients, hs, and fouling factors, Ry,
are obtained from empirical data from the Heat Exchanger Design Handbook
highlighted in Appendix D.3

Determine the duty, Q, from equation 3.96 which is equal on the tube and shell side.
Based on this the mass flow of fluid on the shell side can be determined.

Calculate the corrected logarithmic temperature difference, C — LMTD, from equation
5.170

Select the tube parameters from Appendix D.2. ie Wall thickness, OD, ID.

Select the tube length based on step 7.

Assumptions made for the design are highlighted below;

a. Tube length, L, for the 1% stage compressor discharge cooler set to 2m and shell
side pressure rating set to 15 bar to meet TEMA and NORSOK minimum plate
thickness.

b. Tube length, L, for the 2" stage compressor discharge cooler set to 3m and shell
side pressure rating set to 15 bar to meet TEMA and NORSOK minimum plate
thickness.

c. Tube length, L, for the 1% stage HP compressor cooler set to 5m and shell side
pressure rating set to 15 bar to meet TEMA and NORSOK minimum plate
thickness.

d. Tube length, L, for the 2" stage HP compressor cooler (Export Cooler) set to
4m and shell side pressure rating set to 15 bar to meet TEMA and NORSOK
minimum plate thickness.

e. This is to ensure a length to diameter (L /D) ratio of 8-10.

The length of the heat exchanger is the tube length plus the head length.

Select the number of tube passes. (One-pass countercurrent assumed within this thesis).
The pitch ratio PR is assumed to be 1.25. Determine the Tube Pitch, P,, from equation
3.103

Determine the cross-section area, A, of the tube knowing the ID.( A.; = mID?/4)
and the area of a single tube , Agy = (2w ID/2)L

Determine overall heat transfer co-efficient, U, from equation 3.100. and the total
transfer area, A, from equation 3.98.

Calculate the number of tubes knowing the total area and area of a single tube (4/Agr)
Determine the fluid velocity per pass from equation 5.171 and adjust the tube size or
length to obtain the optimum fluid velocity.

Select the required tube pattern; Triangular or Square. Calculate the tube pattern area
based on equation 3.105.

Determine the area of total tube bundle from equation 3.106.

Calculate the minimum shell diameter from equation 3.107. As in step 7 the length to
diameter ratio to be approximately equal to 8.
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Weight Calculation

18

19.

20.

21.

22.

. The weight of the heat exchanger is determined from correlation for vessels (shell

weight /separator weight), the weight of the tubes and the weight of the internals
(baffles).

The number of baffle plates must be determined to determine the weight. This is
obtained from equation 3.108. The baffle cut window (window height to ID - optimum
between 25-35%) is assumed to be 30%. The baffle spacing is usually between 40-
60% of the ID. This is assumed to be 50%. The weight of the baffle is determined from
equation 5.172.

The tube weight is determined from Appendix D.2 knowing the total number of tubes
and the weight per meter.

The empty vessel weight of the heat exchanger is determined by adding the tube weight,
baffle weight, flange weight and head weights.

For the total weight of the skid and vessel; the skid weights are determined from
equation 3.95.

EQUATIONS

Q:

AT, — AT,
Corr LMTD = ———2 F
ATy

MGy (T — Tey) = MCpp(Thi — Tho)kW
n
AT,

(3.96) (5.170)

P25 1_ < 1 )Z R domido/di)
i w

oD U hgas + Rf,gas

1
+ (h + Rf,seawater)
seawater

(3.103) (3.100)

Ntubes
Acs

Tot Tube area per pass =
Q = UA(LMTD).F kW

m
Volumetric Flow (tube) = ;

Volumetric flow

Velocity =
eroctty Tube area
(3.98) (5.171)
V3
Areatube, triangular = 2 (PRdo)ZT m?
(triangular) NrArea,upe\"?
Diigne = 2 (T)
Areatube, triangular = (PRdo)Z
(Square)
(3.105) (3.104)
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Acorrected = Dtight do (np - 1) + (NTAreatube)

A ted 05
correcte
Dg min = 2 (—T[ ) + 2d,

(3.106) (3.107)
_L—=Lyi— Lyy Weight baffle = Ny (1 —0.3) xm = L *
Ny = L +1 (0.85%ID)?
b,c — % t % p

Lb,c = 50% Of Ds,min

Lb,o - Lb,i - 11 Lb,C

t — wall thickness
p — density of steel

(3.108)

(5.172)

W, =3.47dt kg/m

(3.92)

W, = 0.4 x Weight of Empty Vessel
(Weight of Piping)

Wy = 0.08 * Weight of Empty Vessel
(Weight of Electrical and Instrument)

Ws = 0.1« Weight of Empty Vessel
(Weight of Skid steel)

Total weight = W, + Wg + W5 kg

(5.157)
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5.1.3 Compressor System

The compressor calculator developed shows the sizing parameters used for the offshore
centrifugal compressors. In determining the performance parameters, the stream parameters
including the suction and required discharge pressures are required to determine parameters
such as polytropic head, polytropic efficiency and total head.

As compressor design is supplier specific and trademarked, references from supplier equipment
were used in determining the weight and footprint calculations. The ‘Frame type’ compressors
from a supplier, Elliot Company, were used in defining weight and footprint. The supplier
specifications are given under Appendix E.1.

The compressors utilised in the offshore platform can be divided into two. The compressors
used in the liquid removal or cooling and separation process which are the Low Pressure
compressors (LP) and the compressors required to meet export specifications termed High
Pressure compressors (HP).

Table 5.7 and Table 5.8 depict the performance parameters for the two main categories of
compressors utilising the SRK and PR EoS.

It is observed from Figure 5.5 (deviation from SRK) that PR EoS gives lower predictions of
volumetric flowrates and power than SRK; however higher predictions of polytropic efficiency
(except in the 2" Stage LP Compressor). As information on compressor design is manufacturer
specific, information from Elliot was used to obtain compressor configuration in relation to
pressure limits, footprint and weight. Hence, information on weight and footprint is not
represented for the different designs from the two EoS.
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Table 5.7: Compressor design parameters with SRK EoS

Inlet Flow Polytropic . . Frar_ne 10 .
Rate P1 P2 T1 T2 Efficienc Power Footprint Weight Configurati
COMPRESSOR Y on
m3/s Bar Bar °C °C % kw m? kg
1st st. LP Compressor 0.52 1.01 8.8 20.0 112.4 76 167 1.2 3,105 Horizontal
2nd st. LP Compressor 0.25 8.8 77 24.3 163.5 79 695 1.2 3,105 Vertical
1st st. HP Compressor 0.63 77 120 25.1 63.3 73 3,080 1.2 3,105 Vertical
2nd st. HP Compressor 0.39 120 200 30.0 714 76 3,547 1.2 3,105 Vertical
Table 5.8: Compressor design parameters with PR EoS
. Frame 10
Inlet Flow P1 P2 T1 T2 Polyt_roplc Power Footprint Weight Configurati
COMPRESSOR Rate EfflClency on
m3/s Bar Bar °C °C % w m? kg
1st st. LP Compressor 0.50 1.01 8.8 20.1 112.8 77 159 1.2 3,105 Horizontal
2nd st. LP Compressor 0.23 8.8 77 241 163.5 79 643 1.2 3,105 Vertical
1st st. HP Compressor 0.60 77 120 25.1 63.0 76 2,946 1.2 3,105 Vertical
2nd st. HP Compressor 0.37 120 200 30.0 70.9 77 3,321 1.2 3,105 Vertical
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Compressors (Comparison of SRK and PR)

6.00%
4.00%
2.00%
0.00%
-2.00%

-4.00%

+ X
+X
X

-6.00%

Relative Difference between SRK and PR (ref SRK)

-8.00%

-10.00%
Ist st. LP Compressor 2nd st. LP Compressor 1st st. HP Compressor 2nd st. HP Compressor

‘ X Inlet Flow Rate T1 T2 Polytropic Efficiency + Power

Figure 5.6: Compressor design comparison between SRK and PR EoS

5.1.3.1 Stepwise procedure for developing the Compressor calculator

The calculator is developed in parallel with ASPEN HYSYS model. Input parameters for the
heat exchanger are obtained from the HYSYS model.

1. The input parameters for both the suction and discharge side are pressure, temperature,
density of fluid, specific volume and enthalpy. Also, additional input parameters
required on the suction side are flow rate, compressibility factor and molecular weight.

2. Determine the polytropic exponent from equation 3.117.

3. Determine the pressure ratio and calculate the polytropic head, H,, from equation
3.114 assuming the correction factor, f ,is 1.0.

4. Determine the polytropic efficiency from equation 3.173.

Determine the total head, H, from equation 3.119.
6. Determine the Power of the compressor from equation 3.120.

o

Weight and Footprint
The weight and footprint of the compressor was determined from data from manufacturer to

be able to obtain as accurate result as possible. The compressor utilised was a frame 10 in either
vertical or horizontal configuration as depicted under Appendix E.1.
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EQUATIONS

& ny—1
ln (pl) H — f Tlv Z1R0T1 (&) Ny _ 1
Y (ﬁ) p n,—1 MW [\p,
U3
(3.117) (3.114)
Ty = 2 _
P (hz - hl) np
(3.173) (3.119)

Priyia = mH = p1QH

(3.120)
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5.1.4 Piping

The piping analysis done for the offshore processing plant takes into account sizing of the gas,
liquid or multiphase line. The analysis focusses on designing the pipeline to within a velocity
below the erosional velocity and/or to prevent liquid fallout using industry standards. The
analysis does not take into account modelling using different thermodynamic models.

The wall thickness for the different pipe configurations are determined based on pressure rating
and the required international standards for gas processing, specifically; ASME/ASTM and
API standards. The wall thickness of the pipe is evaluated in the calculator based on different
pipe codes. This comprises;

e ANSI/ASME Standard B31.1 Power Piping

e ANSI/ASME Standard B31.3 Chemical plant and Petroleum Refinery Piping

e ANSI/ASME Standard B31.4 Liquid Transportation Systems for Hydrocarbons, Liquid
Petroleum Gas, Anhydrous Ammonia, and Alcohols. This standard applies to onshore
oil pipeline facilities.

e ANSI/ASME Standard B31.8 Gas Transmission and Distribution Piping Systems. This
standard applies to gas transmission, gathering, and distribution pipelines onshore.

In addition to these standards, the NORSOK standard for optimum pipeline specifications was
utilised as highlighted in section 3.4.3. This provided the benchmark in defining the production
rates for maximum velocity in both gas and liquid lines. The optimum maximum velocity data
for the pipeline system under the simulation is captured in Appendix G.2. The input data;
density and volume flowrate was taken from the HYSYS model.

Appendix G represents the alternative design calculations for piping using the ANSI/ASME
standards. The calculator was developed to determine the optimum sizing for the pipeline
inside diameter based on erosional velocity as a limitation. Also the wall thickness and the
weight of the pipeline was determined based on the different ANSI/ASME codes which is
dependent on the application.
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5.1.5 Evaluation Discussion

The equipment evaluation looks at the comparison of the different calculators developed in
parallel with the HYSYS model. The analysis is performed with different thermodynamic
models which generate different input PVT fluid parameters from HYSYS. Based on these
input PVT fluid parameters (such as density, temperature, viscosity, pressure etc) a detailed
study is done to investigate the effect of the different thermodynamic models on equipment
sizing.

The differences in the calculator arises out of the differences in thermodynamic models and the
methods in characterising the reservoir fluids. As mentioned earlier, there could exist
substantial liquid volumetric predictions difference between the SRK and PR EoS as well as
the fact that PR EoS underpredicts saturation pressure of reservoir fluids in comparison to the
SRK Eo0S hence requiring a somewhat larger hydrocarbon/hydrocarbon (C1/C7+) binary
interaction parameters (BIP) for PR EoS (Whitson et al., 2000). There has also been some
evidence that PR EoS gives slightly better performance around the critical point, making this
EoS better suited for gas/condensate systems (Robinson et al., 1985).

These differences in fluid parameters arising from using different equations of state in
designing processing equipment demands accurate predictions of fluid characterisation. As
seen earlier in the chapter, notable differences in sizing parameters to design Separators, Heat
Exchangers and Compressors evidently impact volume, weight and footprint which in turn
reflect in the CAPEX and OPEX both in the preliminary design and operational phase.

From the analysis as shown in Figure 5.7, the total weight and footprint for the processing
equipment was approximately 308 tons and 225 m? utilising the Soave-Redlich-Kwong
Equation of State and 298 tons and 221 m? for the Peng Robinson Equation of State.

Total Weight and Footprint

310.000.0 2255
308.000.0 3075942 2250
306,000.0
304,000.0

302,000.0

300.000.0

Weight, kg

Footprint, sq m

297.744.0

298.000.0

296,000.0

294.000.0

292.000.0

Equation of State

m Weight @ Footprint

Figure 5.7: Total weight and footprint of processing equipment
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The contribution of weight and footprint of the different equipment in the process plant are
captured under Figure 5.8 and Figure 5.9.

3105

m 1st Stage 3-Phase Separator = Inlet Separator = 2nd Stage Separator

3rd Stage Separator = Ind Stage LP Compressor Scrubber = Intermediate Separator
m Dehydration Scrubber m 1st St. HP Comp Scrubber® = Ind St. HP Comp Scrubber*
m 1st St Compressor Discharge Cooler m 2nd St Compressor Discharge Cooler m 1st St HP Compressor Cooler
= 2nd St. HP Compressor Cooler = Ist st. LP Compressor = 2nd st. LP Compressor

1st st. HP Compressor = 2nd st. HP Compressor = SW Pump 1
u SW Pump 2 u SW Pump 3 = SW Pump 4

Figure 5.8: Weight contribution for different processing equipment (SRK)

FOOTPRINT

38 82 12 12—

m 1st Stage 3-Phase Separator = Inlet Separator = 2nd Stage Separator

3rd Stage Separator = 2nd Stage LP Compressor Scrubber = Intermediate Separator
= Dehydration Scrubber m 1st St. HP Comp Scrubber® = Ind St. HP Comp Scrubber*®
m 1st St. Compressor Discharge Cooler ® 2nd St. Compressor Discharge Cooler m 1st St. HP Compressor Cooler
= Ind St. HP Compressor Cooler = 1st st. LP Compressor = 2nd st. LP Compressor

1st st. HP Compressor = Ind st. HP Compressor

Figure 5.9: Footprint contribution for different processing equipment (SRK)
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The results highlighted correspond to the base case well parameters given under Table 1.1 and
Table 1.2. A further evaluation performed comparing the calculators developed to the ASPEN
HYSYS sizing models was done although this was not a major focus area. This is highlighted
under section 7.1.4. Expected differences in output results of sizing between HYSYS model
and the calculators were observed due to varied methods and empirical constants utilised. The
following factors touch on a few of such differences;

Sizing Constant (K)

The sizing constant or empirical factor, K, within the calculator developed for both 2-phase
and 3-phase separators were assumed based on API/ GPSA standards as highlighted in section
3.1.

Holdup and Surge Times

Within the calculator developed, holdup and surge times were selected based on the service
from Appendix C.7. Within the calculator the holdup-time of 5 minutes and surge time of 3
minutes was used.

Wall thickness

The wall thickness of the vessels both for the separator and heat exchanger as well as the
pipeline were determined based on material of the vessel, the grade, the operating pressure of
the conduit, working pressure of the material, the joint efficiency type and corrosion allowance.
These calculations are taken from APl and ASME standards as these differ based n ASME VIII
Division | and Division 2 codes.

Heat Exchanger optimal design

The design of the heat exchanger involved various combinations of tube and shell dimensions.
The optimal design was based on a length-to-diameter ratio of ~8-10 and a pitch ratio of 1.25
with a triangular tube pattern. An assumed and constant overall heat transfer co-efficient was
set for the design. The internal baffle design specifically the cut and baffle spacing was taken
to be 30% and 50% respectively and the clearance between baffles and shell taken as 85%.
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6 Automation of Calculator with HYSYS.

The design calculators developed for each equipment was done independently of HYSYS
equipment modelling. Inputs only were taken from HYSY'S in order to obtain a detailed design
analysis for each offshore equipment as explained in Chapter 5.

Further on, in order to perform any meaningful plant sensitivity analysis based on changing
input parameters; be it from change in flowrate, pressure, temperature or to perform some
economic analysis, it is imperative that interaction between ASPEN HYSYS and MS Excel
(program used to develop the equipment calculators) is established. This was done utilising the

ASPEN Simulation Workbook (ASW) version 9. The workbook provided,;
- an efficient user interface between HYSYS and MS Excel equipment design models
- amethod to eliminate the need for writing lengthy programming code
- an interface for scenario study for process sensitivity analysis

(waspentech

Aspen Simulation Workbook

Figure 6.1: ASPEN simulation workbook

With such a tool various analysis could be performed to evaluate the impact of changes in life-
of-field parameters to equipment size. This master thesis focuses on the change in annual
production flowrates, with every other parameter being equal, and the resulting impact on
equipment sizing to determine the optimal design for the processing plant. This is done by
assuming a scenario of different production profiles during the plant life.

6.1.1 Creating a Scenario
Within MS Excel, the Add-in for Aspen Simulation Workbook must be enabled to activate the
workbook. This is “Enabled” on the ASW ribbon. The simulation case of the plant design is

then loaded - “Connect” - to complete the interface between ASPEN HYSYS and MS Excel.
(depicted by the ‘red’ markings as shown in Figure 6.2)
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Aspen Simulation Workbook
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Figure 6.2: Aspen Simulation Workbook ribbon in Excel

With the incorporated functionality of the workbook, various scenarios could be run from the
HYSYS simulation model by stating the “Model Variables” via the simulation workbook
“Organizer” as shown in Figure 6.2 and Figure 6.3.

As Siry ook Org
File Edit Options Grid Help
S EERN@ X VYT DHT M [ @ & FindandReplace  Check Links

Name Value Units Status | Variable Name Object ID1 Object L.. |Container | Contain...
GasWell.Phase - Molar Flow.Overall 8811 kgmole/h Specif... Phase - Molar Flow Overall Gaswell  Gaswell
43.Phase - Pressure.Overall 77 bar Calcul... Phase - Pressure Overall 43 43
43.Calculator Object.Mass Density.Corr... 87.5884785529392 ka/m3 Calcul... Calculator Object Mass Density Correlatio...

Variable Mapping 43.Calculator Object.Mass Density.Corr... 1027.82117424256 ka/m3 Calcul... Calculator Object Mass Density Correlatio...

Tog->Model 43.Calculator. Molecular Weight 22.1358504548864 Calcul... Calculator Molecular Weight 43 43
43.Calculator.Std. Gas Flow 214517.424063893 STD_m3/h  Calcul... Calculator std GasFlow 43 43

Table Manager 43.Calculator.Act. Lig. Flow 0.0208467577635136 m3/s Calcul... Calculator Act ug 43 43
44.Phase - Pressure.Overall 77 bar Calcul... Phase - Pressure Overall 44 44

Tog Tobles 44.Calculator Object.Mass Density.Corr... 80.7104148126205 ka/m3 Calcul... Calculator Object Mass Density Correlatio...

Modal Tables 44.Calculator Object,Mass Density.Corr... 523.607171061953 kg/m3 Calcul... Calculator Object Mass Density Correlatio...

ST Fomes 44.Calculator Object.Mass Density.Corr... 976.34438765324 kg/m3 Calcul... Calculator Object Mass Density Correlatio...

Someco Feuis 44.Calculator Object.Viscosity.Correlati... 0.0154108319931767 @ Caleul... Calculator Object Viscosity Correlatio...

Tag->Model 44.Calculator Object.Viscosity.Correlati... 0.142500742458999 @ Calcul... Calculator Object Viscosity Correlatio...

Configuriiiil 44.Calculator Object.Viscosity. Correlati... 0.407283470937673 @ Calcul... Calculator Object Viscosity Correlatio...
44.Calculator Object.Act. Li. Flow.Corr... 0.0189004509573584 m3/s Calcul... Calculator Object Act Lq

Application 44.Calculator Object.Act. Liq. Flow.Corr... 0.000273180475497371 m3/s Calcul... Calculator Object Act Liq

Workbook 44, Calculator.Std. Gas Flow 20701.788551532 STO_m3/h  Calcul... Calculator std GasFlow 44 44

Simuiations 45.Phase - Pressure.Overall 8.8 bar Calcul... Phase - Pressure Overall 45 45
45.Calculator Object.Mass Density.Corr... 11.0219084766392 ka/m3 Calcul... Calculator Object Mass Density Correlatio...

Logs 45.Calculator Object.Mass Density.Corr... 648.684516618684 kg/m3 Calcul... Calculator Object Mass Density Correlatio...

System 45.Calculator Object.Mass Density.Corr... 995.272711203166 kg/m3 Calcul... Calculator Object Mass Density Correlatio...

simulation - condensate sta... 45.Calculator Object.Viscosity.Correlati... 0.0108866796064595 -3 Caleul... Calculator Object Viscosity Correlatio...
45.Calculator Object.Viscosity.Correlati... 0.306322748728559 -3 Calcul... Calculator Object Viscosity Correlatio...
45.Calculator Object.Viscosity.Correlati... 0.636241530215373 =4 Calcul... Calculator Object Viscosity Correlatio...

Figure 6.3: ASW model variables

Within the Organizer, input and output parameters to run any sensitivity analysis can be
defined under a scenario and multiple cases can be run for different input parameters. The
multiple cases are run to generate the output results defined by the organizer under the
“Scenario Study wizard” as depicted in Figure 6.4. The number of cases to be run are also
defined under the study wizard.
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Figure 6.4: ASW organizer setup and scenario study wizard

The main parameters are created under the scenario table in excel. Specific or multiple cases
can be run as shown in Figure 6.5. The outputs from the table are fed as inputs to the calculator
to obtain the equipment plant design for each case. Appendix K.1 gives an example of a
complete scenario table with fifteen cases.

ASPEN SMULATION WORKBOOK DATA TABLE | B Run Scenarios O X
CAAT.Y o [¥] Label Status GasWell.Phase - Molar Flow.Overall.Overall GasWell.Phase - Pressure.Overall.Overall 43.Phase -
1=0-A-E-9 i — [¥] Case 12 Not run 10485.3944623019 180 -
] sl e ol msmae s L e 1 [¥] Case 13 Not run 10485.3944623019 180
X o 5 J
] Case 14 Not run 10485.3944623019 180
[¥] Case 15 Not run 10485.3944623019 180
[¥] Case 16 Not run 10477.9930073874 180
[¥] Case 17 Not run 10257.9551542322 180
[¥] Case 18 Not run 9910.25675382761 180
Case 19 Not run 9290.73536483622 180
Case 20 Not run B475.73966603612 180
Case 21 Not run 8238 52422038008 180
< >
Starting Scenario (Case 3)
Options
[] Save copy of simulation for each case Save Directory:
[ Restart simulator every |1 cases. (CAUsers\Johnnie Swatsor\Deskiop\TNU - Nat Gas Tec [ . |
~ Macros
Run Scenarios Pause oK Cancel

Figure 6.5: Running multiple cases under scenario table
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6.1.2 Design Output Representation

Both the input and output parameters as defined under the Scenario Study Wizard are listed in
the excel workbook when the “Scenario Table” is created. The different cases can be run
altogether or selectively to generate the output parameters defined in the scenario study wizard.
The output parameters produced are the input parameters for the equipment calculator sheets.
These automatically generate the sizing, design and performance parameters of the separator,
heat exchanger, compressor, pump and various piping.

Within this master thesis three different representations of the equipment design output have
been presented;

I 2-D Graphical Layout of the plant by sections
ii. Single Case Summary
iii. Scenario Study Summary (which incorporates various cases)

This is shown under Appendix K.4, Figure 6.6 and Appendix K.5 respectively.
6.1.3 Scenario Study Recording

The output interface of the equipment calculator and ASW have been developed such that it
gives the output design for the plant equipment based on a single case. In order to capture each
single case and display the results, a macro was developed to record each single case output to
generate a Scenario Study comprising different cases. Refer to Appendix K.2 for the macro
written to generate/record the sensitivity data.

The single case study is shown in Figure 6.6. Upon generating the single case study, the
specific study is recorded and populated under the macro-enabled scenario by clicking the
“Click to Move Scenario To Table” tab. The recorded data is populated under the scenario
study summary. Refer to Appendix K.5 for the fifteen case complete scenario generated for a
production profile.

] c 0 3 £ G

SINGLE CASE SUMMARY RESULTS

(ke) Work Click to Move Scenario to |
Footrprint | /Total Pipeline | Duty | /Power Table

(kW) (kW)
7Y . P

Figure 6.6: Single case equipment summary
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With a method to display a single case and record all cases an investigative analysis can be
performed. The different cases can be set up to represent varied production flowrates for each
year, varied fluid composition during the production lifecycle, pressure changes if any etc. In
the case of the master thesis, an investigative analysis was performed using varied production
flowrates during the lifecycle of the field. This is depicted under Figure 6.7 where three (3)
different production profile scenarios are considered and each case can be viewed and recorded
with a drop-down selection (indicated by red arrow). The investigative analysis performed is
detailed further under Chapter 7.

Seenario Scenario 3
Flowrate, g (sm3/d)
Year . . .
Scenario 1 Scenario 2 Scenario 3
(Cases)
1 SO00000 2000000 SO00000
2 S000000 4000000 30000000
3 SO00000 15000000 S0000000
4 10000000 15000000 30000000
5 10000000 15000000 15000000
B 10000000 15000000 SO00000
7 10000000 15000000 0
5 10000000 12000000 0
9 10000000 10000000 0
10 10000000 3000000 0
11 10000000 S000000 0
12 10000000 J000000 0
13 B000000 J000000 0
14 S000000 3000000 0
15 3000000 1000000 0
Case Case 2 -

Figure 6.7: Case and scenario selection representing flowrate for each year

6.1.4 Flowchart for developing the Scenario Study

After setting up all equipment calculators for the offshore processing plant and having linked
all the required output data from ASPEN HYSYSS to the Equipment Calculators using ASPEN
Simulation Workbook, the required scenario input data which would be the basis for the
investigative analysis for the process can be defined.

Figure 6.8 gives a flowchart for developing the scenario study following the setup described
in sections 6.1.1 t0 6.1.3.
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Under tab “Production
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Investment Evaluation

Input Data:
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Figure 6.8: Flow chart for developing the scenario analysis
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7 Investigative Analysis

After setting up the Simulation model, Case analysis and Scenario study various analysis
pertaining to the project can be performed to ascertain optimum project deliverables. The
analysis was performed to evaluate;

I the optimum process equipment design based on a specific production profile for
life of well.

ii. the carbon footprint of the process for the life of well.

iii. the profitability of the process plant based on a different scenario production
profiles with subsequent effects on equipment design cost, carbon dioxide
emissions and break-even analysis.

iv. comparison of the profitability of a project using different thermodynamic models
keeping all other factors constant.

7.1.1 Equipment Design and Production profile

Equipment design varies based on different properties such as fluid composition, production
flowrates etc. The production profile influences the design flowrates and operating parameters
of equipment. For the scope of this master thesis, investigation in the change of the equipment
design for the life of field is based on hypothetical three production profile scenarios as
represented in Figure 7.1 (with all scenarios giving the same total produced gas);

Flowrate, g (sm®/d)
(gaesaeg) Scenario 1 Scenario 2 Scenario 3
1 5,000,000 2,000,000 5,000,000
2 5,000,000 4,000,000 30,000,000
3 5,000,000 15,000,000 30,000,000
4 10,000,000 15,000,000 30,000,000
5 10,000,000 15,000,000 15,000,000
6 10,000,000 15,000,000 9,000,000
7 10,000,000 15,000,000
8 10,000,000 12,000,000
9 10,000,000 10,000,000
10 10,000,000 3,000,000
11 10,000,000 3,000,000
12 10,000,000 3,000,000
13 6,000,000 3,000,000
14 5,000,000 3,000,000
15 3,000,000 1,000,000
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Production Profile
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Figure 7.1: Scenario production profiles

A change in production flowrate gives rise to a change in design properties such as velocity,
liquid and gas flowrates. This in turn affects the design of the process equipment; footprint,
volume and weight as captured under Chapters 3 and 5.

The production profiles utilised are based on same gas volumes/reserves in place

Scenario 1 : Steady ramp up of production and longer production plateau and steady decline
in production.

Scenario 2 : Steady ramp up of production and shorter production plateau and steady
decline in production (ramp up and decline in production is steeper than
scenario 1)

Scenario 3 : Steep ramp to high plateau for maximum production and sharp decline. This

could be akin to extreme projects where it is desired to have maximum
production at the earliest possible time.

As can be seen from Figure 7.1, the maximum equipment design/size will be defined by periods
with corresponding high flow rates. This relates to year 4-12 for scenario 1, year 3-7 for
scenario 2 and year 2-4 for scenario 3; as equipment would need to cater for high volumes
within this period.

After running the scenarios from the model created, Table 7.1 shows the process plant
equipment design given the effect of change in flowrate along the process life of the plant for
all three scenarios. The highlighted cells under Table 7.1 give the values of the maximum
parameters which correspond to the plateau/maximum production flowrates and would inform
the design criteria for the plant.
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Table 7.1: Scenario process plant design parameters

Scenario 1

Year/Case 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15

(Tn‘]’g"' Footprint 2248 | 2248 | 2248 | 3965 | 3965 | 3965 | 3965 | 3965 | 3965 | 3965 | 3965 | 3965 | 2600 | 2249 | 1505
;g;"’;‘) Weight 3079 | 3079 | 3079 | 6352 | 6352 | 6352 | 6352 | 6352 | 6352 | 6352 | 6352 | 6352 | 3699 | 308.1 | 188.7
Total Duty (MW) 9.03 903 | 903 | 1807 | 1807 | 1807 | 1807 | 1807 | 1807 | 1807 | 1807 | 1807 | 1084 | 9.03 | 542
(Cl\jw;ressor Power | 747 747 | 747 | 1495 | 1495 | 1495 | 1495 | 1495 | 1495 | 1495 | 1495 | 14.95 8.97 747 | 4.48
Eﬁ;’?’g&?&%ﬁsor 1794 | 1794 | 1794 | 3587 | 3587 | 3587 | 3587 | 3587 | 3587 | 3587 | 3587 | 3587 | 2152 | 1794 | 1076
Pump Power (kW) | 2325 | 2325 | 2325 | 4734 | 4734 | 4734 | 4734 | 4734 | 4734 | 4734 | 4734 | 4734 | 2795 | 2325 | 1388
Condensate (bbl/d) | 5340 | 5340 | 5340 | 10,680 | 10,680 | 10,680 | 10,680 | 10,680 | 10,680 | 10,680 | 10,680 | 10,680 | 6,406 | 5341 | 3,203

Scenario 2
Year/Case 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15
(Trgg"' Footprint 1113 | 1885 | 5589 | 5589 | 5589 | 5589 | 5589 | 4619 | 3961 | 1506 | 150.6 | 150.6 | 150.6 | 150.6 | 68.2
ZSE‘Z') Weight 132.8 2477 | 9929 | 9929 | 9929 9929 | 9929 | 7742 | 6347 | 1888 | 1888 188.8 1888 | 1888 | 79.2
Total Duty (MW) 36 7.2 27.1 27.1 27.1 271 271 217 18.1 5.4 5.4 5.4 5.4 5.4 18
Compressor 3.0 6.0 22.4 22.4 22.4 22.4 22.4 17.9 14.9 45 45 45 45 45 15
Power (MW)
Daily Compressor 717 1435 | 5381 | 5381 | 5381 5381 | 5381 | 4305 | 3587 | 1076 | 107.6 107.6 1076 | 107.6 | 359
Energy (MWh)

Pump Power (kW) 94.8 190.1 721.9 721.9 721.9 721.9 721.9 581.8 480.8 142.4 142.4 142.4 142.4 142.4 47.4

Condensate

(bbl/d) 2,137 4,272 16,014 | 16,014 | 16,014 16,014 16,014 12,812 10,676 3,203 3,203 3,203 3,203 3,203 1,068
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Scenario 3

Year/Case 1 2 3 4 5 6 10 11 12 13 14 15
Total Footprint (m?) 224.8 1,022.1 1,022.1 1,022.1 559.0 362.9 - - - - - -
Total Weight (tons) 308.0 2,198.6 2,198.6 2,198.6 993.0 | 565.74 - - - - - -
Total Duty (MW) 9.03 54.21 54.21 54.21 27.10 16.26 - - - - - -
Compressor Power (MW) 7.47 44.84 44.84 44.84 22.42 13.45 - - - - - -
Daily Compressor Energy (MWh) 179.4 1,076.2 1,076.2 1,076.2 538.1 322.8 - - - - - -
Pump Power (kW) 238.0 1,580.7 1,580.7 1,580.7 7784 | 467.6 - - - - - -
Condensate (bbl/d) 5,340 32,044 32,044 32,044 | 16,017 | 9,608 - - - - - -
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7.1.2 Carbon Footprint

Drivers such as gas turbines, in this case, are required in order to power the compressors on the
offshore platform. In Norway, there exists a carbon tax which was introduced in 1991. This tax
is levied on all combustion of gas, oil and diesel in petroleum operations on the Norwegian
Continental Shelf (NCS) and on releases of carbon dioxide (CO>) and natural gas which is in
accordance with the CO> Tax Act on Petroleum Activities. The current tax rate (2018) at the
time of writing this thesis is NOK 1.06 per standard cubic meters of gas (Norwegian Petroleum
Directorate, 2018a). It is assumed that some of the processed gas would be utilised as fuel in
the gas turbines to power the compressors.

For a gas turbine, as given in equation 7.174, the mass flowrate of fuel (Saravanamuttoo,
2009) is given as;

Wy (7.174)
my = ————
Ner LHV
where
m;  — Mass flowrate of fuel (kg/s)
Wy  — Net work (kW), given as the difference in work of the turbine and compressor.

ner  — Gas Turbine Efficiency/Cycle efficiency
LHV  — Lower Heating Value of fuel (CH.) which is 46,540 kJ/kg

For the ease of calculations as a gas turbine has not been modelled, an efficiency of 35% has
been assumed. This efficiency is representative for gas turbine on the NCS. This indicates the
percentage of heat supplied that translates into work for the compressor.

From the mass flowrate of fuel the volumetric flowrate, V¢, can be deduced and the CO:
emissions cost per year determined from equations 7.175 and 7.176

Vo= myRTc (7.175)
7™ Mw P,

s
CO, emissions cost/yr = CO, Tax rate X Vy X 86400 @ X operational days per year (7-176)

where

Vs — Volumetric flowrate, m%/s

R — Universal Gas Constant

T, — Temperature at standard conditions, 288.15 K
MW  — Molecular Weight (CH4) is 19.59

P,  —Pressure at standard Conditions, 101,325Pa

Operational days set to 300 days per year to account for downtime and maintenance.

Table 7.2 shows the carbon footprint pertaining to the project for each year. The highlighted
cell represents the maximum CO2 emissions cost corresponding to the highest production rate
as this would require increased fuel/power for the compression process.

One factor that is monitored with respect to carbon dioxide emissions on a project to project
basis undertaken by Statoil and other companies on the NCS is the carbon intensity. This is
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measured as the weight of carbon dioxide per barrel of oil equivalent produced given as
kilogram of CO. per BOE (barrel of oil equivalent). Statoil has set a strategy to create a low
carbon advantage on the NCS. The current carbon intensity of projects in Norway is 9kg CO>
per BOE. The target set out by Statoil by 2030 is 8kg CO> per BOE (Statoil ASA, 2017).

The carbon intensity is calculated as given below — assuming the fuel burned is processed
methane from the plant;

For 1m? of Methane fuel ; Density of Methane = 0.657 kg/m?®
Methane (CHa) contains = 12/16 = 75% of Carbon
Weight of Carbon = 75% of 0.657 kg = 0.4927 kg of Carbon per m® of methane

Assuming complete combustion of Carbon to carbon dioxide:

yields
C + 02 — COZ

2.667kg of 0, to 1kg of Carbon. This gives weight of 0, to be 1.31416 kg to form CO,.

Weight of CO, per m®of Methane = 0.4927 kg of Carbon + 1.31416 kg of 0, = 1.8069 kg of
C0, per m® of CHa4

Knowing the amount of fuel consumed and given the conversion factor of 1m? of natural gas
equals 0.00642857 BOE, the carbon intensity for the project can be obtained from equation
7.177.

1806954602y, 86400 7 %ﬁays (7.177)
Carbon Intensity (kg CO, per BOE) =

BOE

Where AG, is yearly produced gas and operational days is given as 300 days in a year to take
into account downtime or maintenance days.
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Table 7.2: Carbon footprint for scenario

Scenario 1
Year/Case 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15
Fuel Consumption (kg/s) 0.46 0.46 0.46 0.92 0.92 0.92 0.92 0.92 0.92 0.92 0.92 0.92 0.55 0.46 0.28
Fuel Consumption (sm3/s) 0.55 0.55 0.55 1.11 1.11 1.11 1.11 1.11 1.11 1.11 1.11 1.11 0.67 0.55 0.33
CO2 emissions cost per year (MM NOK /year) | 15.24 | 15.24 | 15.24 18.29 | 1524 | 9.15
COz intensity (kg CO2 per BOE) 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70
Scenario 2
Year/Case 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15
Fuel Consumption (kg/s) 0.18 0.37 1.38 1.38 1.38 1.38 1.38 1.10 0.92 0.28 0.28 0.28 0.28 0.28 | 0.09
Fuel Consumption (sm3/s) 0.22 0.44 1.66 1.66 1.66 1.66 1.66 1.33 1.11 0.33 0.33 0.33 0.33 033 ] 0.11
CO2 emissions cost per year (MM NOK /year) | 6.10 12.19 36.58 | 30.49 9.15 9.15 9.15 9.15 9.15 3.05
CO:z intensity (kg CO2 per BOE) 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70
Scenario 3
Year/Case 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15
Fuel Consumption (kg/s) 0.46 2.76 2.76 2.76 1.38 0.83 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 | 0.00
Fuel Consumption (sm3/s) 0.55 3.33 3.33 3.33 1.66 1.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 | 0.00
CO2 emissions cost per year (MM NOK /year) 15.24 45.73 | 27.44 0.00 0.00 0.00 0.00 | 0.00 0.00 0.00 0.00 | 0.00
CO:2 intensity (kg CO2 per BOE) 2.70 270 | 270 | 270 270 | 2.70 | 0.00 0.00 0.00 0.00 | 0.00 0.00 0.00 0.00 | 0.00
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7.1.3 Cash Flow Analysis

For a project to be feasible, profitability must be determined. The revenues generated from the
sale of gas and condensate as opposed to the cost associated with the project must be forecasted
with its accompanying risk factors. Actual revenue depends not only on production rates but
on current or contracted prices of oil and gas. Typically, the economics and risks associated
with oil and gas field projects are ascertained using several price development scenarios. For
the scope covered under this master thesis, the capital structure of the project has not been
defined and assumed to be entirely financed internally without taking into account debt. Figure
7.2 shows the revenue and cost factors in relation to the timeline for a typical gas project.

SALES

cosT

Figure 7.2: Typical gas field revenue and cost profiles

The accompanying risk factors mentioned are the assumed market price of risk, the opportunity
cost of capital, which is the return that the market offers on investments with the same risk
characteristics. (Wijst, 2013)

Revenue

The revenue generated from the project is the sale of ‘dry’ gas and condensate produced from
the process plant. Forecasting price trends for the products is more uncertain than determining
the gas field production profile. The market price of natural gas (NYMEX) as at the time of the
master thesis is USD $2.76 /MMBtu and USD $64.94 per barrel (Bloomberg Energy, 2018).
The conversion used for gas volume/price relationship is 1m? to 0.0411MMBtu.

Cost
Costs associated with a gas field development project are made up of Capital Costs and
Operating costs. Capital costs fall under broad categories which include;

- Design and administration costs

- Equipment and materials purchase cost

- Fabrication costs

- Installation costs

- Commissioning cost

- Insurance spares cost

- Reinvestment cost
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whereas operating costs include but are not limited to;
- Man-hour cost
- Spare parts and consumables consumption cost
- Logistic support cost
- Energy consumption cost
- Insurance cost
- Onshore support cost
- Cost of deferred production

Based on research data of Statoil operating fields, the overall cost breakdown of field
development is categorised under investment costs, operating costs, exploration costs, disposal
and cessation and other costs. In 2017, the total overall costs amounted to NOK 210 billion.
This constituted 60% as Investments, 25% as operating costs with over 10% as exploration
costs. (Norwegian Petroleum Directorate, 2017)

In the case of this master thesis, the costs captured have been narrowed down, for the capital
cost, to include that associated with Subsea development, Well and drilling and Production
facility.

The field development cost breakdown from data published in the OG 21 TTA4 Subsea Cost
Report 2015 (OG21, 2015) gives the breakdown based on field development concept as
represented in Table 7.3;

Table 7.3: Field development cost breakdown

FIELD DEVELOPMENT PROJECTS ON NCS
Subsea We!l gnd Production Facility
Drilling
Subsea tie-back 41% 35% 24%
Floating Installation 17% 37% 46%
Fixed Installation 3% 38% 69%

Source : OG 21 TTA4 Subsea Cost Report 2015(0G21, 2015)

This master thesis assumes the cost of the process equipment design and manufacture as well
as installation correlated using a factor from the average steel price. This follows from the data
given in Table 7.3 and Table 7.4 from NCS Subsea Cost Report from OG 21. It should be noted
that following the decline in petroleum prices in 2014, costs related to offshore operations were
affected and consistently change to adapt to market trends.

Table 7.4: Design and manufacture costs as a factor of Steel

Equipment Material Cost Factor
Equipment Design and Manufacture Cost | 3500%
Equipment Installation 4500%

The investment or initial capital cost was then determined by correlating the historical cost data
on the NCS and the required weight of steel for processing equipment.

Other costs apart from capital cost considered under this master thesis has been broken down
to include;
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e Operating Costs — This has been lumped up to include all costs highlighted above.
Based on Statoil historical data constitutes 3% of capital cost.

e Tax - The tax rate is the percentage of corporate earnings imposed by government or
federal state. Within Norway for the year 2018, the ordinary tax rate is pegged at 23%
and special tax rate at 55% (Norwegian Petroleum Directorate, 2018b). Within the
scope of the thesis, the tax rate has been assumed to be 78%. In addition, as the capital
structure has not been defined to include debt, tax shields have not been taken to account
in the profitability of the project.

e Carbon Tax — The carbon tax relates to regulating emissions to air from petroleum
activities on the NCS. This is based on the Carbon dioxide (CO2) Tax Act on Petroleum
Activities which is levied on all combustion of gas, oil and diesel in petroleum
operations on the continental shelf and on releases of CO; and natural gas. For 2018,
the tax rate is NOK 1.06 per standard cubic metre of gas or per litre of oil or condensate.
For combustion of natural gas, this is equivalent to NOK 453 per tonne of CO..
(Norwegian Petroleum Directorate, 2017). A thorough explanation of this has been
given under Section 7.1.2.

Cost of Capital

This is the rate that must be overcome to generate value for the project. It is company specific
and depends on factors such as the company’s operating history, profitability, creditworthiness
etc. With respect to project financing, the capital structure is not defined under the scope of the
project. Hence, it can be assumed the financing structure to be entirely from equity i.e. are
obtained from internally generated funds. This implies the cost of capital can be used to
discount the potential future cash flows from the project to estimate the Net Present Value. The
Cost of Capital assumed for this project is 8%. All cash flows are discounted to year zero (0)
which is the year the initial investment is made at the start of the project.

Depreciation

Costs of long-lived assets such as the gas processing equipment are spread over time. These
have been assumed to be depreciated over a 6-year period for ease of comparison for each of
the production profiles within the master thesis. This period has been selected based on data
from the Norwegian Petroleum Directorate. (Norwegian Petroleum Directorate, 2017)

Net present Value

In order perform accurate profitability/investment decision analysis of the project, the present
value of the cash flows need to be determined. The cash flows are discounted to a specific
period (in this case to the time of investment or start of project) with the cost of capital assumed
for the business. This takes into account the risk associated with the business including the time
value of money. The cost of capital for upstream petroleum business in Norway is 8%. The
present value of the cash flows for each year of the project is obtained by discounting the cash
flows to the year of the capital expenditure, year zero. This is deduced from equation 7.178 .

FV (7.178)

PV =—
@A+nrn
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where;

PV - Present Value, $USD
FV - Future Value, $USD

r - Cost of Capital , 8%

n -time, year

The Net Present Value (NPV) is the sum of all the present value of the cash flows. A positive
NPV indicates a profitable project as the cash inflows are greater than the cash outflows.

NPV = Z PV of Cashflow ,NPV > 0 (project is feasible) (7.179)

With an estimate of projected present value of cash flows, the payback period of the project
can be estimated with cumulative present value of the cash flow. It should be noted again that
for the purpose of this master thesis, this economic evaluation does not take into account equity
and debt within the capital structure of the project, neither does it consider an economic
evaluation if the project is deferred.

Table 7.5 sums up the economic and accounting input factors utilised in the cash flow analysis.
Appendix L.1, Appendix L.2 and Appendix L.3 show the cash flow sheets for the three (3)
production profiles under evaluation.

Table 7.5: Cost and Economic Factors

CURRENT ECONOMIC FACTORS
Conversion (1m*= 0.0411mmBtu) 0.0411
Equipment Depreciation (years) 6 | years
Average Gas Price 2.76 | USD $ per MMBtu
Average Condensate Price 64.94 | USD $ per bbl
Average Steel Price 660.00 | per metric ton
Cost of Capital 8%
Corporate Tax 23%
Additional Tax Rate 55%
Total Tax Rate 78%

Based on the economic analysis performed Figure 7.3, Figure 7.4 and Figure 7.5 show the
cumulative present value of the cash flow and break-even periods for each production profile
based on a single well scenario. This shows scenario 1 giving the highest NPV followed by
scenario 2 and then scenario 3. This is attributed to scenario 1 having the lowest plateau rate
as compared to scenario 2 and 3. This implies the capacity/size of the processing equipment
needed for the maximum production flowrate is lowest in scenariol. This in turn translates to
lower CAPEX associated with equipment costs. In addition, although scenario 2 and 3 present
higher production earlier on than in scenario 1, these revenues are largely eroded by the
equipment capital cost based on their higher flowrates. This is extreme in the case of scenario
3. Another factor that is also accounted for is the discount rate; meaning, it is generally more
profitable to produce today than tomorrow due to the ‘time value of money’. Although this
theory of producing early is in favour of scenario 3, it is evident again that the very high
production rates translate to larger capacity processing equipment hence much larger
equipment capital cost which erodes into the high revenues generated under scenario 3.
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Scenario 2, clearly falls in between scenario 1 and 3 where early higher production rates
(meaning both higher revenues and larger capacity equipment) are observed with a later break-
even period scenario 1.

As explained, from the results on the cash flow analysis, scenario 3 generated high revenues
(Appendix L.3) due to the high flowrates; however, the high flowrates required high capacity
process equipment hence higher investment cost. The scenario in question showed no net
profits for the production lifecycle, largely due to the high production rates as compared to the
other scenarios. This presents the case where an optimum flowrate is required that would both
meet the plant design criteria and the needed project profitability. This analysis of an optimum
flowrate is detailed further on under Section 7.1.5.
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Figure 7.3: Economic evaluation - scenario 1
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Figure 7.4: Economic evaluation - scenario 2
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Figure 7.5: Economic evaluation - scenario 3
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7.1.4 ASPEN HYSYS and ASPEN Process Economic Analyser (APEA)

This sub-chapter highlights the comparison of the process equipment sizing from the calculator
developed and from ASPEN HYSYS. It also compares the cash flow analysis developed and
the economic analyser, ASPEN Process Economic Analyser (APEA).

The sizing calculator developed takes into account fundamental concepts for analysing
processing equipment. For more rigorous designs of each process equipment, more advanced
design software can be used. Figure 7.6 shows an example of the engineering design that can
be performed on a separator in ASPEN HYSYS which in turn goes into the cost evaluation
within the APEA.

[ED Vessel Sizing: Vesse! Sizing- Inlet Separator - o X T Vessel Sizing: Vessel Sizing-Inlet Separator -
Design | Performance Design | Performance
Design (53 Vessel Sizing-Inlet Separator Design Available Specifications Active Specifications
Connections Connections Max. Vap. Velocity L/D Ratio 3.000
Liq. Res. Time 000:05:0.00 sec
Sizing Separator  Inlet Separator Select Separator... ' Sizing Diameter i
Construction Construction Demister Thickness Demister to Top 0.3048 m
Costing Costing Lig. Surge Height
Notes Notes LLSD
it
T imi Nozz. To Demister
‘\ Tot. Length - Height
Horizontal
® Veriical Set Defauits
>
L1
Add Spec Remove Spec
| | | |
| Delete Ignored [ Delete
T8 Vessel Sizing: Vessel Sizing-Inlet Separato — O [FD Vessel Sizing: Vessel Sizing-Inlet Separator —
Design | performance / Design | Performance
Design Construction Information Design Base Cost Coefficients Accessories Cost Coefficients
Connections Connections
: Chemical Eng. Index 2525 nect ) L AB 1015
— Material Type Carbon Steel Sizing A6 .0.2165 A9 0.7396
Construction - P Construction A7 4.580e-002 A10 0.7068
Costing ass Density [kg/m3] 7861 P
Notes FMC 1.000 Notes
Allowable Stress [bar] 9446 Shell Thickness Coefficients Shell Mass Coefficients
Shell Thickness [mm] 73.02
Corrosion Allowance [mm] 3175 Al 0.4000 Ad 0.8116
Efficency of Joints 1.000 A2 2008
A3 0.2000

Costing Results
Cost Equation Help...

Base Cost 6.044e+004
Ladders and Platforms 5205
Total Cost (USS) 6.565e+004

[ Delete Ignored { Delete

Figure 7.6: Vessel sizing evaluation

Figure 7.7 shows the relative differences of the results obtained in the calculator to the results
in ASPEN HYSYS for some of the design parameters.
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Relative difference (SRKonly) between Equipment
Calculator and ASPEN HYSYS (ref Calculator)
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Figure 7.7: Relative difference between equipment calculator and ASPEN HYSYS

The APEA is a functionality on ASPEN HYSYS that allows a cost evaluation of a process
simulation performed on ASPEN HYSYS. It takes into account an overall capital expenditure
based on process equipment employed and a utility cost based on power requirements and
consumption.

The APEA makes some assumptions based on a database of cost models. These models take
into consideration factors such as

- operating Life of plant/ Operational hours

- length of plant startup

- equipment material and engineering specifications

For comparative purposes only, the APEA has been compared to the ‘Calculator Economic
model’ developed with the objective of matching both models. This comparison was also used
as a check for the factors used to correlate the equipment cost to the steel cost shown under
Section 7.1.3. Figure 7.8 shows the final summary results of the process simulated for
10MMsm?®/d flowrate. The ‘red markings’ highlight the total processing equipment cost from
the APEA model and the calculator economic model. This represented a relative difference of
~7.4% to the calculator economic model. This signifies a small difference between both models
based on the assumed factors under Section 7.1.3 and presents the calculator economic model
as a good estimate for the cost evaluation of the processing plant.
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Capital: 24,020,500 USD Utilities: 14,472,900 USD/Year /. @D |Develonment Concept Floating Installation ]
Flowsheet Case (Main) - Solver Active Economic Equipment Dat
CAPEX EXPENDITURE
!‘v*:l Enabled by Aspen Process Economic Analyzer (APEA) ‘
Item Factar Cost 85
Template: | <Default> . Save as new ‘ Steel Material Cost 5 419,188.17
- L |
Summary Utilities Unit operation | | Equipment | | Vertica Equipment Design and Mfs Cost i 3500%) § 14671,589.33
= = = Equipment Installation 4500%) § 18,863,472.00
- Processing Equipment Total Cost (rep i of
Total Capital Cost [USD] ’ 24,020,500 entire Platform] 159§ I 33954209
Total Operating Cost [USD/Year] 17,954,900
Offshore Production Facility § 226,361,664.00
Total Raw Materials Cost [USD/Year] 0
Total Product Sales [USD/Year] 0
Total Utilities Cost [USD/Year] 14,472,900 Development Concept -Capex Structure Floating Installation
Desired Rate of Return [Percent/Year] 20 Subsea 17%
P.O.Period [Year] 0 Well and Drilling 3%
Equipment Cost [USD] 8,574,500 e s
Total Installed Cost [USD 12,442,200
otal Installed Cost [USD] I ) - S 90057m%
ASPEN HYSYS Economic Model Calculator Economic Model

Figure 7.8: APEA model vs calculator economic model

From the comparison of the calculator economic model and the APEA model, it is evident that
the model developed gives a more in-depth evaluation of internal components with respect to
equipment such as separators, scrubbers and heat exchangers.

The cost structure for the calculator economic model has also taken into account business and
economic factors in Norway for e.g. tax regimes, recent development concept breakdown
factors for investment costs; be it for a floating installation, fixed platform or subsea
installation.

As CAPEX and OPEX are dependent on costs factors that constantly change due to market
structure, such as current commaodity prices etc., a benchmark upon which to compare the cost
models from ASPEN HYSYS and the model developed is not defined. However, the marginal
differences of equipment cost from both models is a good indicator that an informed analysis
from the calculator economic model can be made.
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7.1.5 Case Study Suggestion

Process optimisation is one of the important procedures to undertake within complex processes
to achieve best asset utilisation and performance. This is done to improve profitability of the
plant or return on investment in a quantifiable manner. The benefits of this are to increase yield,
reduce down-time, address off-specification production and to generally reduce energy costs
(Poe & Mokhatab, 2017).

Various factors can be optimised depending on the objective within the gas processing plant.
Within the scope of this master thesis, optimisation was performed by varying the production
flowrates to determine the basis for the production profile that best gives a high return in
revenue and low cost. However, the production rates of a gas field are affected by numerous
technical and economic factors such as;

Reservoir Characteristics
o Water Coning
o Sand production
o Gas-Liquid Ratios (with increasing production)
Equipment operational envelopes
o Pressure
o Temperature
o Flowrate
Pipeline flow or network limitations
o Erosional velocity
o Vibration
o Noise
Project profitability
o Net Present value
o Time to profitability

In effect, assumed production profiles as was done initially does not reflect the optimum
production profile as the reservoir characteristics and other factors highlighted above have not
been adequately represented in the profiles.

In practice, the production engineer provides the production potential or flowrates for life of
field. These must be ascertained with the technical and economic factors highlighted. The
suggested study case method employed considers a steady-state method for varied production
profiles with a single objective to maximise Net Present Value.

It was noticed from the three production profiles that scenario 1 gave the lowest maximum
weight, relatively early break-even and the highest NPV as shown in sections 7.1.1, 7.1.2 and
7.1.3. This indicates a high initial flowrate does not necessarily ensure high return as is the case
with scenario 3; however, a sustainable plateau production gives a more technical and
economically feasible life cycle of the project. From this, the deliverability of the field needs
to be defined taking into account the mode of production and/or depletion during life of the
field.

In oil and gas fields, production of hydrocarbon reserves can be done in two modes. Either
producing via constant rate, meaning achieving plateau production or by decline mode (full
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potential), which means producing as much as possible and as early as possible with a decline
in production rates as depicted in Figure 7.9. Gas fields are predominantly produced using the
constant rate mode where gas offtakes are bound by long-term sales agreements, production
equipment limitations or regulatory control. This is important for economic analysis for an
offshore development field. The constant rate mode is characterised by a plateau production
rate and although there exists a constant rate this would eventually lead to production decline
due to the fact that the plateau rate can no longer be sustained by the wellhead pressure
sufficient to process and transport the gas and also due to depletion.

From historical data and by rule of thumb annual plateau rates normally within the range of
3.5% - 5% of recoverable gas reserves for gas fields. (Golan & Whitson, 1996). The plateau
rate is however flexible and it is a factor that can be controlled. However, the decline after a
period of production is dependent on the reservoir characteristics. This means that production
rates might be in some cases lower than the production potential but will follow a similar
decline with time.

\ A

v

Figure 7.9: Oil and gas field production modes

The production potential of the well needs to be determined to ascertain the length of the
plateau given. The production potential of the well is determined by performing material
balance equations, flow equilibrium calculations based on a model of the well, flowline and
separator parameters, information on the Inflow Performance Relationship (IPR), reservoir
pressure and gas-liquid ratios (GLR). This information is obtained from the production
engineer.

For the purpose of the master thesis, production potential has been deduced from the initial
scenarios under investigation i.e. scenario 1 and 2. As mentioned, the production potential
depends on the reservoir deliverability. It mainly depends on the amount of fluid withdrawn
(not necessarily on time as is the case of water injected wells) from the reservoir. For a
production system with a single well, assuming no changes to the production system in the life
of the well and in a fully open choke production mode the production potential curve can be
seen to be linear as shown in Figure 7.10.
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Figure 7.10: Production rate behaviour vs. cumulative production
The cumulative gas produced is given by;
¢ (7.180)
Gy, = f qq dt
0
where
Gp - Cumulative gas produced, sm®
dg - Gas production rate, sm3/d

With the well producing all the time at its production potential, g, (fully open choke) i.e. ¢, =
app; the linear relationship between the production potential and cumulative production can be
deduced from equation 7.181.

Qpp = —M Gy + qppo (7.181)

where g,,,, IS the flowrate with no gas produced from the field.

Referencing Figure 7.9 (point at which plateau ends and decline begins) and utilising equation
7.181 a relationship for the well potential can be derived from both scenario 1 and scenario 2.
Scenario 1 with a plateau rate (or g,,, in this case) of 10MMsm?/d, cumulative production (Gp)
at end of plateau at 31.5 Gsm?® and scenario 2 with a plateau rate of 15MMsm?/d , cumulative
production at end of plateau at 24.3 Gsm?; solving simultaneously for m and g,,,,,, a linear
relationship for the production potential is obtained and expressed as

Gpp = —0.694 X 1073 G, + 31.86 X 10° (7.182)

To determine the length of the plateau (for a plateau production mode) the cumulative gas
produced for the years in production must be known. The production potential, Qpp, IS
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representative of the open choke production i.e. assuming the well is allowed to flow at its full
potential.

The production time, t, can be deduced from the same curve of gas flowrate, q,, versus
cumulative gas produced, G,, (Figure 7.10). This is given as equation 7.180 where the time is
determined based on trapezoid rule from equation 7.183

G Rl B (7189
oy + p’

The plateau rate can be sustained as long as the production potential is not exceeded, after

which the production rate follows the decline of the production potential. (Nind, 1981)

The plateau rate, from historical data and as a rule of thumb, is approximately 3.5-5% of the
recoverable reserves. Given in equation 7.184

0.5 % RF = IGIP (7.184)
Operational days

Qplateau =

where;
RF - Recovery Factor
IGIP - Initial Gas In Place, sm®

Within the thesis, the plateau rate of 5.95MMsm?®/d (based on the rule of thumb) was used as a
starting point for determining the optimum plateau rate to achieve the maximum NPV. This
plateau rate was analysed based on the production potential of the field. Increasing plateau rates
were analysed with the objective to maximise NPV. The plateau flowrates analysed were;

e 5.95MMsm®d
e 8 MMsm3/d

e 10 MMsm®/d
e 12 MMsm®/d
e 15 MMsm®/d
e 20 MMsm?®/d

The flowrates based on the production potential of the field gave a plateau length and decline
(the lower the plateau rate the longer the plateau length) as presented in Figure 7.11.
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Gas Flowrate vs. Time
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Figure 7.11: Gas Flowrate versus time for different plateau rates

For each assumed plateau rate, the NPV was investigated to determine which plateau rate gave
the maximum NPV (reference Appendix L.4 to Appendix L.9). This was found to be
approximately 8SMMsm?/d with an NPV of USD $ 352 million as depicted in Figure 7.12. This
is consistent with the analysis done for the initial 3 case scenario (scenarios 1, 2 and 3) whereby
an increase in flowrate will result in increased production revenues. However, an increased
flowrate would require an increase in capital expenditure for higher capacity equipment in line
with that flowrate. Hence, production flowrate can be increased to an optimum point to obtain
maximum possible revenues and lowest possible cost to obtain maximum profitability of the
project. If Figure 7.12 had shown a flat increasing trend with flowrate, the results would be
inconsistent as a limit would exist as to how much CAPEX can be added on to sustain an
increase in flowrate. On the low side as well, a limit would exist as to how far production can
be lowered to reduce cost and with the objective increasing profit from yearly production.

Flowrate versus NPV

/alue - NPV

10 12

Gas Plateau Flowrate, qg
(MMsm?/d)

Figure 7.12: Plateau rate versus NPV
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The length of the plateau rate also depends on the number of wells in production. An increase
in the number of wells results in a longer plateau. An increase in the number of wells results in
each well producing a smaller fraction of the total rate. Consequently, each well produces with
a smaller pressure drawdown as compared to a single well producing at the total flow rate. This
smaller pressure drawdown from having multiple wells reflects in a higher wellhead pressure
which in turn results in a longer plateau period before reaching allowable wellhead pressure
(Golan & Whitson, 1996). Determination of the allowable wellhead pressure has not been
detailed under this research work.

Table 7.6, Figure 7.13 and Figure 7.14 give the calculation of production potential and plateau
length based on depletion and the corresponding time of plateau based on increasing the
number of the wells for the optimum plateau rate of 8MMsm?®/d. Appendix K.3 shows the visual
basic code which was used for automatic interpolating of the production potential to the start
of each year.

The results of the calculation reflect three cases;
e producing at a rate equal to the full potential of the well,
e producing from one single well
e producing from two wells and the corresponding length of the plateau

The results show that for a single well at open choke, the field would be depleted in
approximately 7 years. Based on the same production potential, at a given plateau production
of 8MMsm?/d for a single well, production to depletion would take 15 years and for two wells
this would take approximately 30 years.

Increasing the number of wells could be as a result of factors such as a change of gas sales
contracts or agreements to deliver an estimated amount of gas for an extended period. It should
be noted that increasing the number of wells will prolong the time till decline; however, this
increases the capital expenditure as more wells would have to be drilled and completed and
tied in to the processing facility. The impact of the increase in the number of wells to the
profitability of the project has not been investigated in this thesis and is possibility for further
work.

The single well case, plateau production of 8MMsm?®/d, is to be used as a suggested case for
further study under a decision tree analysis. Further rigorous evaluation of this suggested case
study could be performed to meet the reservoir, technical and economic requirements for
managerial decisions to be made on project viability to meet gas sales contracts and
agreements.
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Table 7.6: Plateau length calculation

PLATEAU PLATEAU (2 wells)
Open - Field Open
Cumulated gas Reservoir sl V\_/eII Chokg Slg?;(:e\é\(le“ Time (Single Field_ ChOk'? Field Plateau Time
Production Production X Production Production . .
produced, Gp Pressure, Pr Potential, gpp time (@ Prozrj:tc;tlon Well) Potential, qpp Time (@ Production Rate (Field)
Qpp) Qpp)

(smd) (bara) (sm®/d) (years) (smd/d) (years) (sm®/d) (years) (sm®/d) (years)
0.000E+00 225.00 3.186E+07 0.0 8.000E+06 0 3.186E+07 0 4.000E+06 0
1.500E+09 216.56 3.082E+07 0.2 8.000E+06 1 3.082E+07 0.16 4.000E+06 1
3.000E+09 207.36 2.978E+07 0.3 8.000E+06 1 2.978E+07 0.32 4.000E+06 3
4.500E+09 198.26 2.874E+07 0.5 8.000E+06 2 2.874E+07 0.50 4.000E+06 4
7.500E+09 180.97 2.666E+07 0.9 8.000E+06 3 2.666E+07 0.86 4.000E+06 6
1.050E+10 163.62 2.457E+07 12 8.000E+06 4 2.457E+07 1.25 4.000E+06 9
1.350E+10 146.74 2.249E+07 1.7 8.000E+06 6 2.249E+07 1.67 4.000E+06 11
1.650E+10 130.20 2.041E+07 2.1 8.000E+06 7 2.041E+07 2.14 4.000E+06 14
1.950E+10 113.89 1.832E+07 2.7 8.000E+06 8 1.832E+07 2.65 4.000E+06 16
2.250E+10 97.68 1.624E+07 3.2 8.000E+06 9 1.624E+07 3.23 4.000E+06 19
2.550E+10 81.47 1.416E+07 3.9 8.000E+06 11 1.416E+07 3.89 4.000E+06 21
2.850E+10 65.16 1.207E+07 4.7 8.000E+06 12 1.207E+07 4.65 4.000E+06 24
3.150E+10 48.64 9.989E+06 5.6 8.000E+06 13 9.989E+06 5.56 4.000E+06 26
3.330E+10 38.79 8.739E+06 6.2 8.000E+06 14 8.739E+06 6.20 4.000E+06 28
3.480E+10 30.33 7.698E+06 6.8 7.698E+06 15 7.698E+06 6.81 4.000E+06 29
3.570E+10 25.25 7.073E+06 7.2 7.073E+06 15 7.073E+06 7.22 4.000E+06 29.8
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Production Potential Qp vs Gp
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Figure 7.13: Suggested case production potential versus cumulative production
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Figure 7.14: Production potential and plateau length

The production profile for the suggested case when run in the calculator gives the results for
equipment design (weight and footprint), carbon footprint and cash flow analysis as displayed
under Table 7.7 and Table 7.8.

The NPV for the suggested case gives a higher value than that for scenario 1 (reference
Appendix L.1 and Appendix L.5) and payback period between 6 and 7 years. The highlighted
cells show the years/case study under which maximum values for the lifecycle of the
production was obtained.
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Suggested Case Scenario

Table 7.7: Suggested case equipment results

Year/ Case 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15
Total Footprint (m?) 3295 | 3295 | 3295 | 3295 | 3295 | 3295 | 3295 | 3295 | 3295 | 3295 | 3295 | 3295 | 3295 | 3295 | 297.4
Total Weight (tons) 499.4 | 499.4 | 499.4 | 499.4 | 499.4 | 499.4 | 499.4 | 499.4 | 499.4 | 499.4 | 499.4 | 499.4 | 499.4 | 499.4 | 4386
Total Duty (MW) 14.5 145 14.5 14.5 14.5 14.5 14.5 14.5 14.5 14.5 145 14.5 145 14.5 12.8
Compressor Power (MW) 12.0 12.0 12.0 12.0 12.0 12.0 12.0 12.0 12.0 12.0 12.0 12.0 12.0 12.0 10.6
Daily Compressor Energy (MWh) | 287 287 287 287 287 287 287 287 287 287 287 287 287 287 254
Pump Power (KW) 375.8 | 3758 | 3758 | 3758 | 3758 | 3758 | 3758 | 3758 | 3758 | 3758 | 3758 | 3758 | 3758 | 3758 | 3311
Condensate (bbl/d) 8544 | 8544 | 8544 | 8544 | 8544 | 8544 | 8544 | 8544 | 8544 | 8544 | 8544 | 8544 | 8544 | 8544 | 7,555
Table 7.8: Suggested case carbon footprint

Year/Case 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15
Fuel Consumption (kg/s) 0.74 0.74 0.74 0.74 0.74 0.74 0.74 0.74 0.74 0.74 0.74 0.74 0.74 0.74 0.65
Fuel Consumption (sm?s) 0.89 0.89 0.89 0.89 0.89 0.89 0.89 0.89 0.89 0.89 0.89 0.89 0.89 0.89 0.78
COz2 emissions cost per year 2157
(MM NOK /year) )
CO:; efficiency (kg COz per BOE) | 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.73

121




Project Revenue Analysis
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Figure 7.15: Economic evaluation - suggested case scenario
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8 Discussion of Results

The focus of the thesis involved investigating two outcomes. Firstly, to evaluate the impact of
gas process equipment design when utilising different thermodynamic models. This involved
utilising two main thermodynamic models namely Soave-Redlich-Kwong (SRK)
thermodynamic model and Peng Robinson to effectively characterise the fluid composition.
This informed the parameters needed to size each processing equipment. By developing the
equipment calculator (highlighted in Chapter 3) to effectively size all necessary equipment
needed for gas processing i.e. separators, heat exchangers, compressors and pumps, an analysis
was made into factors such as weight, footprint, volume and power requirements. These factors
serve as indicators to make decisions based on processing facility requirements. From the
calculators developed, the impact of utilising different thermodynamic models was highlighted
in Section 5.1.5. The differences in results of the calculator arises out of the differences in
thermodynamic models and the methods utilised by the models in characterising the reservoir
fluids. As mentioned earlier, there could exist substantial liquid volumetric prediction
differences between the SRK and PR Equations of State (EoS) as well as the fact that PR EoS
underpredicts saturation pressure of reservoir fluids in comparison to the SRK EoS hence
requiring a somewhat larger hydrocarbon/hydrocarbon (C1/C7+) binary interaction parameters
(BIP) for PR EoS (Whitson et al., 2000). In addition, there is some evidence that PR EoS gives
slightly better performance around the critical point, making the PR EoS better suited for
gas/condensate systems (Robinson et al., 1985). Correlated historical and field data would
ascertain the right thermodynamic models to be used.

Figure 8.1 summarises the results of the impact of thermodynamic models to gas processing
equipment design. This represents a 3% and 2% difference in results for weight and footprint
respectively using the SRK and PR thermodynamic models from the base case well scenario
highlighted under Chapter 1. Such a difference could have a significant impact in the decision
to be made on the facility requirements as well as the cost to the project depending on the scale.

Total Weight and Footprint

310,000.0 2255

307,994.2 .
308,000.0 . 2250

306,000.0
304,000.0

302,000.0

Weight, kg

300,000.0

Footprint, sq m

207.744.0

298.000.0

2596.000.0

294.000.0

2582.000.0

Equation of State

m Weight ® Footprint

Figure 8.1: Weight and footprint analysis with SRK and PR thermodynamic models
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The second focus of the master thesis is a build-up of the first objective which involves the
automation of the gas processing plant. Many factors would impact the design of the offshore
oil and gas field processing plant. An offshore gas processing plant could be developed based
on different concepts; be it a subsea tie-back, floating installation or a fixed installation. The
decision on the development concept impacts costs. In addition to the development concept
factor is the change in operational parameters during the lifecycle of the field. This includes,
but not limited to, production flowrates, pressure, and/or temperature which would affect the
technical design and in turn affect capital structure and tax regime. Also, factors such as
commodity price changes within the project lifetime would also affect its economic viability.
In order to fully integrate all these factors in a working model, as was explained in Chapters 0
and 7, it is imperative to find the optimal design that incorporates both technically and
economically feasible solutions that fits the objective of the project. The technical objective
being the process design that meets the production lifecycle of minimal weight of equipment
(which translates to cost) and the economic objective that maximises profitability (maximum
NPV).

The automation was performed focussing on the three main production profiles (scenarios)
explained in Chapters 0 and 7. This involved a sensitivity analysis using the production profiles
within HYSYS to generate input parameters. These input parameters from HYSYS are
incorporated directly into the calculator using the Aspen Simulation Workbook (ASW)
interface. This automatically generates equipment design parameters for the production
lifecycle which are recorded and tabulated to produce a technical design model. This technical
design model then feeds into an economic model; a cash flow analysis which provides
information on the project viability. The results of the initial scenario analysis based on the
three production profiles (scenarios 1-3) explained under Sections 7.1.1, 7.1.2 and 7.1.3 are
summarised under Figure 8.2.

Weight, Footprint and Energy

2,199

Maximum Footprint (m2)  Maximum Weight (tons) Max Daily Compressor
Energy (MWh)

Scenariol mScenario2 mScenario 3 ® Suggested Case
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Cost Comparison

362.8 362.8 362.8 362.8
240.6

58.7

Equipment Cost ($3USD CO2 emissions cost (MM NPV ($ U 1))
Mill) NOK)

-625.4

Scenariol ®™Scenario2 ®Scenario 3 ™ Suggested Case

Payback Period

Break-even

Scenario 1 mScenario 2 mScenario 3 ® Suggested Case

Figure 8.2: Scenario results comparison

The results showed that scenario 1; amongst the initial three scenarios investigated, represented
the production profile that gave the minimum footprint, weight and energy consumption which
translates to minimum CO- emission and minimum energy cost. This resulted in maximum net
present value of the project utilising scenario 1 production profile. It can be inferred that a high
production profile or a high early production rate (represented by scenario 3) which gives a
high initial cash flow does not necessarily give an assurance of a profitable project as the costs
associated with a high production rate are significantly increased, specifically with respect to
increased equipment capacity. Due to these factors, scenario 3 showed a negative cashflow and
no payback for the project. For cases such as scenario 3, more in-depth analysis needs to be
performed to weigh the cost impacts against the revenue from high production rates as well as
considering other development strategies such as drilling of multiple wells or tie-in to existing
offshore processing facilities to offset some development costs.
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Further to a comparison of the scenarios, an analysis of scenario 1 was performed utilising two
different thermodynamic models; Soave-Redlich-Kwong and Peng Robinson. This was done
to determine any significant differences to both the technical and economic parameters of the
project when employing different thermodynamic models. The chart under Figure 8.3 shows a
comparative analysis of the study done. It is evident that the two different thermodynamic
models give different predictions of equipment design and in turn different project profitability.
The analysis showed a difference by a factor 3.5% in maximum weight of equipment in the
plant and a factor of 5% in the case of NPV. This translates to a difference of 22 tons in weight
and USD $12 million in NPV when utilising different thermodynamic models. PR EoS as
shown earlier gives a lower weight approximation meaning lower equipment cost than SRK
which translates to a higher NPV than SRK.

Based on these results, it is clear the significant impact that thermodynamic models have on
evaluating equipment design and project profitability. It is imperative that as close as accurate
thermodynamic models are used to evaluate the process as these could significantly impact the
feasibility of offshore oil and gas field developments depending on the scale. In order, to
ascertain the right thermodynamic model for a process design, correlating offset data or
historical data from adjacent fields with previous models can give more accurate working
models.

Relative Difference (Scenario 1)

6.0%

» *
-6.0%
Maximum Maximum Equipment Cost Max Daily CO2 emissions NPV ($ USD
Footprint (m2) Weight (tons) ($$USDMill) Cor cost (MM
Energy (MWh) NOK)

Figure 8.3: Relative difference with project indicators between SRK and PR

Appendix M gives the detailed breakdown of the sensitivity performed on scenario 1 using
SRK and PR thermodynamic models.

The suggested case presented under Section 7.1.5, was based on further assumptions from
scenario 1 incorporating the deliverability of the reservoir from the perspective of depletion. It
highlighted a more realistic production profile depicting a plateau rate bounded by the field
production potential. Different plateau production rates were investigated starting from a rate
corresponding to 3.5-5% of the recoverable reserves (5.95 MMsm?®d) which is based on a rule
of thumb (explained under the same section). Incremental plateau rates were investigated and
the net present value for each rate was evaluated. The results were consistent with the analysis
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performed for the initial three scenarios where an increase in flowrate results in increased
production revenues. However, an increased flowrate would mean an increase in capital
expenditure for higher capacity equipment. From the analysis of the plateau production, the
optimum rate of 8 MMsm?/d was seen to give the maximum NPV (Figure 7.12 — highlighted
below) which is indicative of maximum possible revenues and lowest possible cost.
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The results from indicators based on the suggested case are shown in Figure 8.2. A further
analysis was performed to show the effect of increasing the number of wells to the production
life. The plateau rate could be sustained for much longer periods by increasing the number of
wells; however, the profitability of the project would be impacted due to the increased cost of
drilling and completing more wells as depicted in Figure 7.14.

Essentially, the master thesis has presented an automated tool capable of examining gas
processing project indicators; comprising equipment weight/footprint/energy requirements,
carbon footprint as well as cash flow analysis. It gives a preliminary design of gas processing
equipment and provides the functionality of analysing the effect of different thermodynamic
models to the design. Furthermore, it enables investigative analysis into changing parameters
during the production lifecycle. These include, but are not limited to, production flowrates,
increased water production, compositional changes, increase in well count etc. The master
thesis looked critically at production flowrate as a basis to investigate project profitability. It
presents a suggested production profile based on maximising NPV. The automated tool, thus
allows evaluation of parameters such as equipment design (weight, footprint), energy
requirements, carbon intensity and project profitability at the conceptual phase which would
inform the decision process pertaining to offshore oil and gas field development which include;

e Offshore development concepts

e Facility weight limitations and requirements
e Equipment design and raw material costs

e Revenues from products
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e Power and Utility consumption
e COzemissions and CO: intensity targets and limits.
e Overall project economic viability
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9 Further Work

The preceding chapters have focussed on the gas processing design and the impact of
thermodynamic models (specifically with respect to Soave-Redlich-Kwong and Peng
Robinson) on equipment sizing based on process equipment calculators.

Furthermore, the calculators have been interfaced with ASPEN HYSYS to allow automated
functionality in performing sensitivity analysis on various gas project indicators such as
offshore facility weight requirements, power and utility consumption, CO, emissions and
intensity and overall project profitability based on different production profiles.

Further work in this regard is to analyse the dehydration unit incorporating the absorption
column, regeneration column and ancillary equipment for a full offshore gas processing plant.
This was not done due to time constraints and to limit the scope of the thesis.

The models for the master thesis could be utilised for other real life scenarios such as tie-in of
additional wells to the gas processing facility. This could be used to show holistic optimum
equipment design based on the field production lifecycle in the event of

e anincrease in capacity,

e compositional changes

e increased water content in produced fluids

In addition, pressure decline analysis studies during life-of-field and corresponding fluid
characteristic changes could be modelled to determine realistic product yield.

The models created from the thesis could be further investigated using other thermodynamic
models such as Cubic Plus Association (CPA) and incorporating or interfacing to other
simulation tools like NeqSim to create a functional automated interface.

A step further from the work done is to expand the model from an offshore platform and
investigate aspects of optimising the process using more rigorous methods to ascertain product
yield. A typical example is increasing yield of natural gas liquids to take advantage of increase
in commodity price in a distillation process.
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Appendix A Physical properties of common petroleum reservoir fluids constituents

TABLE 1.1
Physical Properties of Common Petroleum Reservoir Fluid Constituents
Mormal Critical Critical
Maolecular Melting Paini Eailing Paim Temperatire Presune Acenlric Density (gfem’) at 1 atm
Component Formula Weight (g/muol) (*C) (") 1“C) (har Factor and 20°C
[rrganics
Mitrogen M 2,013 =209.9 - 19558 1470 13,9 0.0
Carlson dicaide 0L A.010 =S -85 1.1 738 0225
Hydimsgen suliide H-5 080 —Hin a7 1000,1 29,4 0,100
Paraifins
Methane CH, 16,0643 —1525 —16L.6 826 46,0 0008
Ethane C.H, A.000 -1833 -37.6 123 4% 8 (10e
P iopane CaHy A0 Bl L —421 .7 425 (152
[as- bulane CH,, 124 —1594 —11.3 1350 6.5 (.17
A-Boutane CH,, 124 —1384 —i5 152.1 8.0 0193
[ s e A e GH, 5 72,151 =599 279 1872 EE N 0,227 0620
-lPentane L 5 T2.151 -1298 RN | 1 964 337 0,251 626
r=-Hexane LaH,y wh, 1o =451 b 43 m.7 0,296 iy
| s i Laree [ 114, 232 =109z | 2R6.5 24.8 0ATE T2 AMC)
r-ldecare CiHy 4 142, 286 =207 174.2 A6 21,2 D4EY 0,730
Maphthenes
Cyelopentane CaH TL13E -39 493 2386 45,1 0,195 07ds
Bty ey lopentans CH 162 —142.5 7.9 2506 ATR 0,231 0754 (167
Cyclahesane CHyy & 162 6.5 207 25804 40,7 0212 ]
Aromiatics
Henee ne CH, aE L X i 2890 i Y 0212 IEES B0
T luene e Hy o2 141 082 11y 11587 41.0 0,263 1
0-X vlen CyHy, 106, 165 —252 1. 5 1572 7.3 0310 &80
Maphtha kene CuHg 125, 174 LI 2150 4753 40,5 0,302 WETTR0C)

Sowerer Dam from Rekl, RO, Pransnie, L., and Shawood, T K. The Poperties of Gases and Liguids MoGraw-Hill Mew Yok, 1977,
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Appendix B
Appendix B.1

Compositions of reservoir fluids

Gas condensate mixture

Component
N?

Co,

C

=

=

C 19
C][]+

Mole Percentage
0.53
3.30

72.98
7.68
4.10
0.70
1.42
0.54
0.67
0.85
1.33
1.33
0.78
0.61
0.42
0.33
0.42
0.24
0.30
0.17
0.21
0.15
0.15
0.80

Molecular Weight

Density (g/cm?) at 1 atm and 15°C

Appendix B.2

Near-critical mixture

Component
N,

Cco,

C,

C,

Mole Percentage

0.46
336
62.36
8.90
5.31
0.92
2.08
0.73
0.85
1.05
1.85
1.75
1.40
1.07
0.84
0.76
0.75
0.64
0.58
0.50
042
042
0.37
2.63

Molecular Weight

95
106
121
135
150
164
177
190
201
214
232
248
256
406

Density (g/cm?) at 1 atm and 15°C
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Appendix B.3 Black oil mixture

Component Mole Percentage Molecular Weight Density (g/cm?) at T atm and 15°C
N, 0.04 — —
co, 0.69 — —
C, 30.24 — —
C, 1.50 — —
C, 0.25 — —
iC, 0.11 — —
nC, 0.10 — -
iC, 0.11 — —
nC; 0.03 — -
C, 0.20 — —
C,; 0.69 85.2 0.769
Cy 1.31 104.8 0.769
Cy 0.75 121.5 0.765
Cioe 54.89 3220 0.936
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Appendix C
Appendix C.1

Separator calculation sheet

Two-phase vertical separator calculation sheet

Colour Coding Input Parameter |OUTPUT PARAMETERS
S Drop down Input selection Vertical Separator Diameter D 1.637‘ metres
.. Empirical/Determined values Vertical Separator Actual Height H 2.290| metres
ot T Output Vessel thickness t 2.780/in
LU - Weight of Vessel Wy 9.262/tons
tale—y Weight of Total Skid Weight Wakig 14,951]tons
N5 Weihts donttke hyhestaticor i welghtsto consideration,
[VESSEL WEIGHT CALCULATIONS
DIAMETER CALCULATIONS — EQUATIONS |ANSI Class - Manways 150)
|ANSI Class - Nozzles 150)
Liquid phase density o 1000]kg/m3 Nozzle Size 10fin
Gas phase density [ 74.35|kg/m3 v |Vessel Diameter 1636.876)mm
Molecular weight of Feed MW 19,59] kg/kmol Internal Description Mist Eiminators|
iz KsH 0.137)m/s Internal Type Wist Mat|
Vapour mass velocity (Terminal velocity) Vgmax/ UT| 0.
 Conservative Terminal Velocity ] 036254736
sosed on Souders Brown equation
Internal Diameter di 163.68759 cm
Height o Vessel L 2288 n
Gas flow rate Msem 202,700)scm/h Wl hickness i I t 7060439756 m
Actual Gas flow rate 0 259, zzsm‘ m3/h Mass per unitlength Ws 4010301097 o/
Weight of Internals W M
Vapour Mass velocity (Concsevative) Vgmox 036254736 m/s 16
Mist Eliminator Diamter Dmist 14844759 Weight of Nozzles Wn 63.50300732 ke
Mist Eliminator allowance YES Ginches | Weight of Vessel Wy 9262200054 kg
Diameter of Separator Dmin 1.6368759|m
v ) . Weight of Piping We 3704838022 ks
Woll thikness—2: elfpcidal beads \Weightof Electrical & Instrument We 7408776083 ¢
Pl Weight of Skid Steel Ws 926.2220054 kg
" E-0p Weight of Manways B ¢
|Weight of Total Skid Steel Waiid 14951.30769 kg
Liquid Actual volume flow rate q 0.1709856|m3/d
Holdup Tables) 5min
Holdup volume v, 0.001|m3
uge ire 3o foselthdnes ]
Surge Volume v, 0.000]m3 Material of vessel - 2
Low Liquid Level Height Hu 0.152|m Specification number SA-S16]
Height from LLL to NLL H, 000m  |iftmin Grade 55
Height from NLL to HLL (High level alarm) Hs 0.000|m 6in min |ASME Code Div1 (-20deg F to -650 deg F)|
Inlet Diverter YES Working Pressure P 1131.9)psi 7]
Height from HLL to Inlet nozzle centreline Huy 0612)m Raius for R
Height Honin 0318 Internal Radius of Shell Ri 32.222)in
Disengagement Height with or without mist elim] Hy 1.068)m Shell Ro
Exira length e 0457|m Maximum Alowable Stress s 13800]psi
Height of Vessel 2.2898|m |Joint Efficiency type - Fully radiographed - DW/|
Joint fficiency 3 1]
|Vessel Shell Thickness t 2.7797|in
Nozle Sizing Elipsoidal Head wall thckness teh 00677
Mixture Volumetric Flowrate am 0628]m3/s 216638767 ft3/s
A 0.000]
Density of Mixture pm 74.525|kg/m3 4,652453403 1b/ft3
Nozzle Diameter oy 0307]m 1007273491 t
Vessel Type Vertical
Skid Width 32737518 m
Skid Length 409218975 m
Skid Height 4434673666 m
Footprint 13.30681356 n’
Volume 594104963 m’
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Colour Coding

INSTRUCTION

A. Fill in input parameters based on colour code

C. Obtain imum Allowable Vessel Diameter, Dmin
D. From Dmin; obtain combinations of D and H (with a

Input Parameter

Drop down Input selection
Empirical/Determined values
Output

B. Determine Drag co-efficient, Cd by running the solver (error=0)---(Step 1) NB:-click on SOLVER)

n SR---between 3 and 5)

E. Manual operation of Dand H combinations is done manually or from OUTPUT REFERENCED TABLES

Mist
Extractor

[Mist Laden Vapor

el et —— | o
Feed Pipe [| s

Gas Out

Mist-free Vapor

}—— Coalesced Liquid

Gas Gravity
Separation Section

Liquid Gravity
Separation Section

Liquid Out

OUTPUT REFERENCES TABLES

Selected Height of Seam-to- | Slenderness

diameter | Separator |Seam length Ratio
(D) (H) (Ls) (SR)
in in ft
32 75.28 12.61 4.73
34 66.68 11.89 4.20
36 59.48 11.29 3.76
38 53.38 10.95 3.46
40 48.18 10.68 3.20
42 43.70 10.47 2.99
44 39.82 10.32 2.81
46 36.43 10.20 2.66
48 33.46 10.12 2.53
50 30.83 10.07 2.42
52 28.51 10.04 2.32
54 26.44 10.04 2.23

EQUATIONS
i 12
=00l 18(i[(u) : ] fi/s
Py

Re = 0.0049 22
g
3 24
Cp=0344+—— 4+
d + RS + Re

Drag co-efficient is determined by iteration
Liquid Capacity Constraint - determines the height of the vessel

INPUTS (IMPERIAL)
NOMENC
LATURE METRIC
Liquid phase density P 53.05867665|Ib/ft3 850|kg/m3
Gas phase density P 3.745318352|Ib/ft3 60.00|kg/m3
Gas Flow rate Qg 15.010915| MMSCFD 0.43|MMscmd
Liquid Flow Rate Q 3000| bbl/day 480|m*/d
Gas viscosity Mg 0.013|cP
Pressure P 986.2584|psi [ 68|Bar
Temperature T 519.678|R | 288.71|K
Compressibility factor z 0.84|-
1.166269 g
Diameter of Particle 100|um
Gas Retention time 3| min
STEP 1: DETERMINE Re, Cd, AND SETTLING VELOCITY
Settling velocity u 0.398495419|ft/s [ 0.1215|m/s
Reynolds Number Re 56.25547551
Cd 1.166605671

Error correction (Drag co-efficient) 0.000| SOLVER
STEP 2: DETERMINE GAS CAPACITY CONSTRAINTS
Diameter squared o | 1000.161767 |in’

ini Vessel Diameter | omin_ | 31.62533426|in 0.8033|m
STEP 3: DETERMINE LIQUID CAPACITY CONSTRAINT
Retention time Tt ] 0.002083333|day
D’H* 77085|in’
*Determine combinations of D and H based on the min allowable vessel diameter
MANUAL COMBINATION OF D AND H (refer to Output Table)
Diameter 32 in 0.8128|m
Height | | 75.27832031|in

Ratio Check (Between 3 and 4) - For D<36 in or For D>36 in

Height from combination H 75.27832031|in
Seam-to-seam length Ls 12.60652669 |ft 3.842|m
Slenderness Ratio SR 4.72744751
Notes Typical retention times are as follows:
Gas Capacity Constraint - the di Lot ge ks | phammes
Smallest gas particle to be separated is 100um :;“;::f‘::;jﬁ‘ ks l S —
Retention time is between 1-3 minutes L comnomizers LA

APY L12) gives the following guidelines for gas-oil separation

06 Reluive Density | Miowes |
Below 083 G

3 e

Jwd

) TZ a1,
D= s_ossgg(T) [ﬁd—"} in?
o = )

‘DZH =8.5650,¢ in.} ‘

D<36in.
H4+76 it
12
D=>36in.
H+D+40
Li=——F—1ft
12
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Appendix C.2

Two-phase horizontal separator calculation sheet

Colour Coding Input Parameter (OUTPUT PARAMETERS
Drop down Input selection Horizontal Separator Diameter D 1.452| metres
Empirical/Determined values Horizontal Separator Actual Length L 4.030|metres
Output Vessel thickness t 1.232{in
[ Weight of Vessel Wy 6.589tons
| Weight of Total Skid Weight Wid 10.955tons
[NB. Weights do not take hydrostatic or fluid weights into consideration.
[VESSEL WEIGHT CALCULATIONS
DIAMETER CALCULATIONS [ANSI Class - Manways 300
EQUATIONS [ANSI Class - Nozzles 300,
Liquid phase density o 1086.960]kg/m3 Nozzle Size 10[in
(Gas phase density 0 13.000/kg/m3 Vessel Diameter 1451.608/mm
KsH 0437 m/s Internal Description Distlation Trays|
Vapour mass velocity Vgmax 0637|m/s Internal Type Normal|
C ve termi y [ 0478|m/s
Based on Souders Brown equation
[Dameterofvesssr ] Internal Diameter i 1451607534 n
Gas flow rate Mscm Length of Vessel L 40303 m
Fraction of Cross-section area for gas flow* Fe 03] Wall thic i i wance) t 3.129396464 cm
[ Actual Gas flow rate qav 0.8439|m3/s Mass per unit length Wo 1576.301453 igin
[Weight of Internals W ™
Vapour Mass velocity Vgmax 06374|m/s 159
Minimum Gas Flow area Agnin 13241 [Weight of Nozzles Wi 771107946 kg
Diameter of Separator Dmin 1.4516(m Weight of Vessel Wy 6589.078068 ke
Weight of iping We 2635,631227 ks
| Weight of Electrical & Intrument We 527.1262454 kg
| Weight of Skid Steel Ws 658.9078068 ke
Liguid Actual volume flow rate q 3000[m3/d [Weight of Manways 544 ke
Holdup Time 5|min [Weight of i [ 1095474335 kg
Holdup volume v, 10.417]m3
Surge Time 5|min
Surge Volume v 10.417|m3
L/D Ratio Lo 6 Table
i 2246]m 7.3683]ft Materialof vessel
Total Cross-sectional Area A 3962(m2 Specifcation number SA-516
Low Liguid Level Height Hu 0271|m 10684 in (Grade 55|
/D ratio Hu/D 0187 [ASME Code Divi (-20deg Fto-650 degF)
[A/Ar ratio Awfhr 0.088 | Working Pressure: P 580|psi
Low Liguig Level Area Ay 0347|m2 Raius for Sphericalshells R
ist Eliminator Pad YES 0.60% Internal Radius of Shell Ri 28575]in
Height of Vapour Di Area- Check 0290/m 11.43)in External Radius of Shell Ro
Height of Vapour Area H, 05610/m Maximum Allowable Stress s 13800/psi
H,/D ratio H,/D 0420 Joint Effciency type Fully radiographed - DW|
/A ratio AJh 0217 Joint Effciency 3 1
A 0.860{m2 Vessel Shell Thickness t 1.2320)in
Minimum Length - Holdup)Surge L 4030/m Elipsoidal Head wall thickness teh 0.0306
Liguid Dropout time ) 1275]s
 Actual Vapour Velocity VA 0981{m/s
Minimum Length for V-L Di Lmin 1251|m
JLength of Vessel 4.030m
L/D Ratio 2.776|
INOTE: /D Ratio must be between 1.5 to 6.0 (increase and decrease Diamter by 6in
increments and repeat to obtain L/D ratio)
| Area of Normal Liguid Level Au 29321|m2
A /A Ratio Aufhe 07401
Hy/D Ratio Huy/D 15511,
Height of Normal Liguid Level Hu -2.256)m
Height o High Liguid Level e 0.8420[m
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HORIZONTAL GAS LIQUID SEPARATOR

Colour Coding
Input Parameter
Drop down Input selection
Empirical/Determined values
Output

[ rerative value

INSTRUCTION
A. Fil in input parameters based on colour code

B. Determine Drag co-efficient, Cd by running the solver (error=0
C. Obtain Minimum Allowable Vessel Diameter, Dmin

D. From Dmin; determine if separator is defined by Gas or Liquid constraint based on Lg and Lo

E. Manual operation of Dand H combinations can be done manually or from OUTPUT REFERENCED TABLES

(Step 1) NB:-click on SOLVER)

SEPARATOR SIZING - Calculation Sheet

|iNpuTs (IMPERIAL) OUTPUT REFERENCES TABLES
NOMENC Effective length- Effective
LATURE Selected Gas length-Gas length - liqui iq atio
METRIC diameter (D) (Lg) (Ls-gas) (Lo) (Ls-liq) Constraint (SR)
Liquid phase density o 53.05867665 Ib/ft3 850|ke/m3 in ft ft ft ft
Gas phase density o8 3.745318352|Ib/ft3 60.00kg/m3 33 2.64 539 11.79 15.72 Liquid Constraint 5.72
Gas Flow rate Qg 14.834316| MMSCFD 0.42|MMscmd 35 2.49 5.41 10.48 13.98 Liquid Constraint 479
Liquid Flow Rate Qo 3000/ bbl/day 480|m*/d 11.77328|ft*/min 37 2.35 5.44 9.38 12.51 Liquid Constraint 4.06
Gas viscosity ug 0.015cP 39 2.23 5.48 8.4 1126 Liquid Constraint 346
Pressure P 986.2584 psi [ 68]Bar a1 2.12 5.54 7.64 10.19 Liquid Constraint 2.98
Temperature 519.678|R 288 71]K 43 2.03 561 695 9.26 Liquid Constraint 258
Compressibility factor 0.84]- 5 194 569 634 8.46 Liquid Constraint 225
1.30158 a7 185 577 5.81 775 Liquid Constraint 198
Diameter of Particle 100|um 49 178 5.86 535 713 Liquid Constraint 175
Gas Retention time 3|min 51 171 596 494 658 Liquid Constraint 155
Fraction Occupied by Gas - 05 53 164 6.06 457 6.10 Liquid Constraint 138
Fraction Occupied by Liguid - 05| 55 158 617 425 5.66 Liquid Constraint 123
57 153 6.28 3.95 527 Liquid Constraint 111
59 148 639 3.69 492 Liquid Constraint 1.00
61 143 651 345 4.60 Liquid Constraint 0.91
[STEP 1: DETERMINE Re, Cd, AND SETTLING VELOCITY 63 138 663 324 431 Liquid Constraint 0.82
Settling velocity u 0377]1t/s 0.114976207|m/s
Reynolds Number Re 46.151
[ 1.302)
Error correction (Drag co-efficient) 0.000] SOLVER
ft/s
|STEP 2: DETERMINE GAS CAPACITY CONSTRAINTS
Diameter squared [ o ] 1044.157977 |in”
Minimum Allowable Vessel Diameter | omin_| 32.31343339in 0.820761208|m ettt
LgD [ | 87.11638325|ft in Re = 0.0049 s
s

STEP 3: DETERMINE LIQUID CAPACITY CONSTRAINT |
Lo | | 12841.38]in”

|MANUAL COMBINATION OF D AND H (refer to Output Table) |

Diameter [ o 33
Constraint to satisfy design (compare Lg and Lo) | Liquid Constraint
Reference Tables for Diameter and Height combinations

0.8382|m

Length Based on Gas Constraint

JEffective Length (gas constraint) [ | 2.639890401ft 0.80|m
Seam-to-seam length (Gas constraint) s | m
Ratio s |

Length Based on Liquid Constraint

JEffective Length (Liquid constraint) [ ] 11.79190083ft 3.59400]m
Seam-to-seam length (Liquid constraint) s | m
Ratio s |

slenderness Ratio Check (Between 3 and 5)

Notes

Theory Assumptions

Either the Gas Capacity Constrint or Liquid Capacity Constraint governs the design

Gas Capacity Constraint

Upward Gas velocity shouldnot exceed the the downward terminal velocity of the smallest oil droplet to be separated.
Iterate value of Cd to obtain settling velocity, u

0il Capacity Constraint

N 3 4

Ca=034+ pogst oo

D* = 50580, (Z] P L
P~ o) d,

G2

I

DL = 14280, 11"

Typical retention times are as fCllows:

prp— T o mm
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Appendix C.3 Three-phase vertical separator calculation sheet

iy Colour Coing Input Parameter [OUTPUT PARAMETERS
s Drop down Input selection Vertical Separator Diameter )
i Empirical/Determined values Vertical Separator Actual Length L
output Vessel thickness 3
Weight of Vessel we
= [ Weight of Total Skid Weight Wisa
[ [Ne. eights do not take hydrostatic or fluid weights into consideration.
VESSEL WEIGHT CALCULATIONS
DIAMETER CALCULATIONS e [ANSI Class - Manways - 300|
EQuATIONs ANSI Class - Nozdes B 300
[Gas phase density o W/ Nozile Size B 20in
Ol phase density 0. 1085.80) g - 1526854 mm
o 1100[kg/m3 Internal Description - Distillation Trays|
m 0015er inernalType - Normall
o 20[ce
ww fim
a 50|/ [ So00]ecay
[water Flow Rate Q. 800[m/d. [ 5000 sbiday ternal Diameter di 152.6853517 [em
Ol pad height H 0305]m 1t fassumed) Length of Vessel . 88728 n
| Water pad height Hy 0.305|m 1 ft (assumed) W ce) t 3.291612838 jcm.
Holdup time T 5{min Mass per unit fength wo 1743.956291 e/m
Surge time T, 10 i Weightof nternals W 159 e
Mixture am 0.853] 2 (Weight of Nozzles Wn 77.1107846 ke
Densiy of Mixture o 567430 kg/m3
Nozzle dameter a 0595|m 12H, Weight of Piping we 283923302 e
Ko 0.163]m/s S == [Weight of Electrical & Instrument we 1256.784668 g
[Vapour mass velocity [Vamax (u ) 0.758m/s * [Weight of Skid Steel ws 1570.980835 ke
[Conservative vertcalterminalvelocity u, 0563) Weight of Marwiays En e
ased on SoutersBown squaton Weight of Tota Skid Steel Waia 25365.4972 e
Gas flow rate Mscm 5000000|scm/d
Fraction of Cross-section area for gs flow” Fo 03] [VesselThiekness |
[ActualGas flow rate or Qv h Ogaa|mi/s Material of vessel - Carbon Steel Pl
[Vapour s velocity Vomax 0758[m/s B SA516]
amter omist 1374] - Grade B 55
taled ves [ s Code DivA (-20deg F to 650 deg )
QuTy
Diameter of Separator Dmin 1.527|m Hp==U-E [Working Pressure 3 s30]ps
S [Radius for Spherical shells R
iteral Radius ofShell Al
Shel "o
s e
[Setting velocity o Heavy (water)out of Light ligud (o) U 0.107[ms in/min Joint Eficiency type - Fully radiographed- DW|
FHeaw liqudwote | Uy | 2.382]m/s | loint Efficiency € 1
Seting tme for Water o rise out of il pad ™ w | 2.846]s | R [Vesselshell Thickness f 129590
Setling ime for O to rise out of Water pad | 042 | B Elipsoidal Head wal thickness on 0047212
= 0,50 or a miniimum af:
H B e A Yo o8 ]
Bafre Plte I eliminaror, o 11000 —_—
[ ool - 2410+ Vady (with st climinator): in
Helght from Liguid Interface to Baffle e iy 0533]m
[Allowable Downflow (downcomer) 3 8000.000[goht2 L b
Downcomer cross-sectional area o 0.208|m’ Hy = Hy b H, + Hy 4 Hy + Hyy = 10,000 | CH
Downcomer hord width W, o102 nassumed il 3 !
Wo/D 0.067] Nin
Downcomer cross sectional area to Area ratio (from Wd) Aos/A 0.024] 9,000 1
Area A o e Wall thickness—2:1 ellipsoidal beads 18in
Downcomer cross-sectional area Aoz 0.043|m’ 2
T SE-02p
[area o Baffe pite A 1.626]m ‘

7,000 — High fiquid level sbove interfece

[seting Time - water O 60.270]secs.

¥ Note f B, t, or Oy <ty separation is g factor)

5000

| Actual Height from Oil nozzle to baffle (based on holdup time) He 1.708|m PPy IS
Surge Height H 6.068]m i in
Uquid Level Above Baffe i 0152[m W Figure 3. G is found from the downcomer allowable flow,
Minimum Checkfor [ET 522ilm
o Height o Feed Nowle Hay G518]m
inimum Check for 0.5 0763
Minimum ched 0507
Ho 0507

B 0.a57]
|mm Height of Verti He 8.873[m
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Colour Coding
Input Parameter
Drop down Input selection
Empirical/Determined values
put

Outy
] rative value

[INSTRUCTION

A Filin input parameters based on colour code

8. Determine Drag co-efficient, Cd by running the solver (error=0)--(Step 1) NB:-click on SOLVER)

C. Obtain Minimum Allowable Vessel Diameter, Dmin

0. From Dmin; D and H (with b 3ands)

€. Manual operation of Dand H combinations is done manually or from OUTPUT REFERENCED TABLES

|inpuTs (mPERIAL) OUTPUT REFERENCES TABLES
Water
Water Setting | Gas Capacity . Seam-to-Seam length y Gas Capacity
NOMENC Constraint Constraint Design Constraint for L::u'fdhl‘:::l TorWatersetting| [SeliRasaRIIREIY | <110 |REEE—
LATURE diameter diameter Diameter (Hostm) Constraint o -
VETRIC (Dmin) (Dmin) (L) (SR)
Liquid phase density o 67.84394507 Ib/t3 1086.86|kg/m3 in in in ft
Gas phase density o1 2. 48.00|kg/m3 143 57 Water Settling Constraint 4136 1878 243
Specific Gravity water Vo 3 146 59 Water Settling Constraint 40.23 1885 239
Specific Gravity Oil Yo 18 61 Water Settling Constraint 39.15 1893 230
Gas Flow rate ag MMSCFD [ 5.00|MMscmd 150 63 Water Settling Constraint 3812 19,01 2.24)
Ol Flow Rate. QW bb/day [ 800|m*/d 152 65 Water settling Constraint 7.2 19.09 2.19)
Water Flow Rate Q bbl/day [ 800|m*/d 154 67 Water Settling Constraint 36.16 19.18 2 :I:‘
Gas viscosity ug 3 156 69 Water Settling Constraint 35.24 1927 2.09
Ol viscosity uo 158 71 Water Settling Constraint 3435 1936 2,05
Pressure P 1305.342| psi. [ 50]Bar 160 73 ‘Water Settling Constraint 33.50 19.46 2.0_1‘
Temperature T 500.67|R [ 278.15K 162 75 Water Settling Constraint 32.68 19.56 1.97]
Compressibilty factor 0.87|- 164 77 Water Settling Constraint 3189 1966 193
- 166 79 Water Settling Constraint 3112 1976 1.90
Diameter of Gas Particle dm, 100]um
Diameter of Liquid Particle dmy 500|um
Gas Retention time ® 3| mins
time to 10| mins
Water retention time, W 10| mins
Fraction Occupied by Gas - 05} EQUATIONS
Fraction Occupied by Liquid - 05}
STEP 1: DETERMINE Re, Cd, AND SETTLING VELOCITY T 6686 2eto
ISettlmg velocity u 0.8 /s w=001 13(,[(’"' ) ;] s and
Reynolds Number Re 47.813] ps ) Cu
Ca 1276
Error correction (Drag co-efficient) 0.000]  SOLVER
STEP 2: DETERMINE WATER SETTLING CAPACITY. ] Re=00049="=
Minimum Allowable Vessel Diameter [ o'min | 20572.30769)in*
Mi llowable Vessel Diameter [ omin_| 143.4304978in [5.643134644]m For D> 36 in.
f
STER3: GAS CAPACITY
Diameter squared [ o'min | 3236.314846in” "
Winimum Alowiable Vessel Dameter [ omn | 6 88861789] [Laaas7085a] m e
(Constrsint to satisy de Typical retention times are s follows:
Diameter (Asssumed based on Step 201 30min) | 0| Tad]in [ ses78lm r— [ 13 minaies
Lean uil surge tasks 1015 minutes
Fractionation feed susge tanks 513 mimwtcs
|5TEP 4: LIQUID RETENTION TIME CONSTRAINT | A e l e
(Ho+Hw)D® [ | 857600|in’
(Ho+Hw) | | 41.35802469]in API 12) gives the following guidelines for gas-oil scparation
*Determine combinations of D and (Ho+Hw) based on the min allowable vessel diameter
04 Relise Densiey_| n
STEP 4: Check based on Seam-to-seam length, Ls Below D55
085.093
v \
i heck (Between 3 and 4) - For D>36 in or For D<36in
Seam-to-seam length [is I 18.77983539) 5.723814508|m
[Stenderness Ratio |k | 0.130415524]

Slenderness Ratio Check (Between 3 and 5)

Notes

Gas Capacity C: g Capacity
Smallest gas particle to be separated assumed to be 100um (in absence of Lab data)
smallest liquid particle to be separated assumed to be 500w (in absence of Lab data)
Retention time is between 10-30 minutes for water separating from oil

Retention time is between 1-3 minutes for gas separating from liquid

Drag co-efficient is determined by iteration

Liquid Retention Constraint - determines the height of the vessel
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Appendix C.4

Three-phase horizontal separator calculation sheet

Iniet Diverter

Prassure Coatrol Valve

,—m——an ont

Colour Coding.

Input Parameter
Drop down Input selection
Empirical/Determined values

output
Gravity Settiing Section
il & Emutsion
-oil Out
s ety = EER ) I e ) ]
IS 52 aa7/is

Wierdersy o

Gos vscosty ve

O vscosty m

Viater viscosty )

ol o e o oo ]
[ateriowrare a. Bbi50E0|m /s |
JFolsupime T

Surge tme T,

i am

Iy
Density of Misture o 293301878 kg
4 0395336595 |m a1
o low rae a s000000[sm'7a
[rctualGas flow rate a 050661905 m3/s
o T 7
Vimax U] 038229496 s

Vapour viass velcity U, 028672122+

[Operating ressure v - T315]p0

1o Ratio 5 B

Hold Up Volume Vi 5.39[m’ [190.1696595 1" |

surge votume v s3] 190 1696595]

Dismeter ) Zesaarailm

[Total Crosssectonal Avea A, s asi01138]m’”

s
T72m635213

W, T72835213]m

) 02
A /Avratio Wi 0055320302

A 0519592052

LN [ 12fin ] checeaint |
+++Note f D<= atthen HILL =5

Ra/o i T wo ] el ]

A /A ratio | Awa | 0.0482815[ |

T e |
[ w1 o sosaasssTm 1 ol | checiwaint |
 Note f e 21t then ncrease D
o
Tand Water Reghts
e
.
/0
A
c Heawy iauid A 7
A as9103834]m”
cavy (water)outof Light iy o) U 0138664184]m/s 5275558 njmin
cavy lquiwater | Uun 3
Seting time for Water t rise out of O pad t
Setting ume for O o rise out of Water pad tu
M
[Total Length Y
e T ]
[Acual Vapour Velociy. o | |
forvl [ tmin | |

g Wicctmin

441 Lotmin desig s acceptable

" w Ui increased i Hy i educed. Hy can only

e reduced s greater than minimum in L2 calculation.

(o Ratic 277795568

LD <,

eight of o

e Aus

[/ Rati Al

/0 Ratio H/D

eight o

r )
Actual Length L
[Vessel thickness t
[Weight o Vessel Wy
[Weight of Total skid Weight Wass

Y —

VESSEL WEIGHT CALCULATIONS

EQUATIONS

(16w +wj)”
| 0.6m(Lp) |

ey = Ao+ Vil

[ANSI Class - Warweays

[ANSI Class Nozzles

Nosze e -
- Distlaton Tras
nternaiType N
263.40721 em
Lengeh of vessel . 7374 m
v EIE0E] em
[Mass per unit length wo e fke/m
| Weight of Internals Wi 862 ke
Weightof Nordes W T32.4700855 e
Weight of Vessel W 196174 0181 i
0 e W TRiE0 60722 e
Jeight of We 15693.92144 ke
s 1961740181 e
! ke
eight o TotalSid Steel W 310906.9485 e
Material o vessel - et
- sasg
Grage - 55
s cose v (:20deg  to 650 deg )
v FEER ]
[Rodius for spherica shels 0
[ Tro3a1]n
Shel o
s e
Joint Efficiency type Fully radiographed - DW|
i Efcency 3 1]
« 106517
) 03569

e he Thims
Igmmmamm

VsslToe Horzontt
i it oot m
Wl ks it s Lot s coconss f
b scarign sasssain i
e oz [Footpme s o
voume 2342038 B

Vertical Vessels
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HORIZONTAL GAS LIQUID SEPARATOR

Colour Coding
Input Parameter
Drop down Input selection
Empirical/Determined values
Output

1 rerative value

INSTRUCTION
A Fillin input parameters based on colour code

8. Determine Drag co-efficient, Cd by running the solver (error=0}---(step 1) NB:-click on SOLVER)

. Determine Liquid Area ratio Aw/A based on Oil pad thickness relative to Diameter Ho/. (error=0)---(Step 2) NB:-click on SOLVER)
D. Obtain Maximum Allowable Vessel Diameter, Dmax

. From Dmax; determine if separator length is defined by Gas or Liquid constraint based on Lg and Lo

. Manual operation of Dand H combinations can be done manually or from OUTPUT REFERENCED TABLES

INPUTS (IMPERIAL] ‘OUTPUT REFERENCES TABLES
N Gas Capacity | Water Settiing
NOMENC Selected | hrecive lengthGas | Se2mto-Seam | Effectivelength -|Seam-to-Seam | 1 o1 o1 yryine | Slendemess | Slendemess
diameter length-Gas liquid Tength-Liguid : "
LATURE o () Woges) oy e for Length Ratio - Ratio-
METRIC (SR) (sR)
Liquid phase density o 67. 1 K in it ft it it
Gas phase density o0 2.996254682] Ib/ft3 48.00]ke/m3 36 17.16 2016 12336 164.47 | Liquid Constraint 572 an
Specific Gravity water Vo 1 38 16.25 19.42 11071 147.62 | _Liquid Constraint 613 34.96
specific Gravity Oi va 0.7] ) 15.44 18.77 99.92 133.22 | Liquid Constraint 563 20.98
Gas Flow rate s 76,598 MnscrD | 00| MMscmd I 1071 Ts21 50,63 12084 | Liauid Constraint 520 2589
il Flow Rate Qo 8062.5bbl/cay | 1290|m*/d [164088]1t/min_| a4 14.04 17.70 82.58 110,10 Liquid Constraint 283 25
Water flowrate aw 3125bbi/day | 500|m’/d [12.26383]r/min_| 6 13.03 17.26 75.55 100.74 Liquid Constraint 4.50 1971
Gas viscosity e 0.015]cp I 1287 1687 6939 92.52 Liguid Constraint 422 1735
Oil viscosity o 2 50 1235 1652 6395 8526 Liquid Constraint 39 1535
Pressure P 1305.342]psi 50]Bar 52 1188 1621 59,12 7883 Liquid Constraint 378 1364
Temparatee T S0047]n K ) Tas oy son2 7310 T Usidconrait | 3.0 B
Compressibilty factor 0.389) 5 11.03 15.70 5098 6757 Liquid Constraint 336 1052
58 1065 1548 752 6336 Liquid Constraint 320 983
Diameter of Gas Particle 100 60 10.29 15.29 aaa1 59.21 Liquid Constraint 306 588
Diameter of Liquid Particle dmy 500 [ 9.9 1513 4159 55.45 Liquid Constraint 293 505
Gas Retention time. n 3| o 965 14.98 39.03 52,04 Liquid Constraint 281 732
Oilretention time to 10 & 936 1486 36.70 893 Uiquid Constraint 270 667
Water retention time w 10 o8 9.08 1475 3457 46,10 Liquid Constraint 260 610
Fraction Occupied by Gas - 05, 70 882 1466 3263 4350 Liquid Constraint 251 559
Fraction Occupied by Liquid - 05 7 858 1458 3084 W12 Liquid Constraint 243 514
7 835 1451 29,19 3893 Liquid Constraint 235 473
7 513 14.46 27.68 3690 Liquid Constraint 228 437
78 792 1042 2628 35,00 Liguid Constraint 22 4.0
STEP Re, Cd, AND SETTLING VELOCITY_ | 80 7.72 14.39 24.98 3331 Liquid Constraint 2.16 375
Settling velocity u 5 753 1437 278 31.70 Liquid Constraint 210 348
Reynolds Number
Error correction (Drog co-efficient)
WATER SETTLING CAPACITY.
Aw/A 0139664804
[Area Ratio (A,/A) - Water droplet Settling Constraint Aw/A 0140093831
Oil-pad Height to Diameter Ratio Ho/D 0255463086
Error correction (Aw/A ratio) 0,000 SOIVER
STEP MAXIMUM DIAMETER | EQUATIONS
[Maximum Oil-Pad thickness [ Homas 20.8/in 0.52832|m
Masimum Dismeter Tom n n
) T o 1 o [2oan

e = 10D

|STEP 4: DETERMINE CONSTRAINT FOR LENGTH

Retention Time Constraint (Gas Capacity Constraint)

| 617.6467316|ft in

g e D) T & 1 | (23

Retention Time Constraint (Liquid Capacity Constraint)
0’to

\ Tosam e

g @ ) o 1 Sa5795898] 1 761340785] m

[MANUAL D H (refer to Output Table)
c satisfy design

Length Based on Gas Constraint ot
Effective Length (gas constraint) [ w | 7721t 05 e
Seam-to-seam length (Gas constraint) s | 14,3871t Ot + Oy,

Typical retention tmes are s ollows:

Slenderness Ratio e 2.158]
S gl 13 e
= = . 1013 mints
e i 515 miwis
2H, AH, a

Length Based on Liguid Constraint -5 (L - _)_) | Tt ks fsd—]
effective Length (Liquid constraint) o T S0t | CEARNEY A « z
Seam-to-seam s | 33,308t
Slenderness Ratio s 4.996|

Slenderness Ratio Check (Between 3 and 5)

Notes

ling Capa diameter
smallest gas particle to be separated assumed to be 100um (in absence of Lab data)
smallest liquid particle to be separated assumed to be 500um (in absence of Lab data)
[Retention time i between 10-30 minutes for water separating from oil
Retention time i between 1-3 minutes for gas separating from liquid
Drag co-efficient is determined by iteration
Ho/D is determined from SOLVER from Aw/A
(Gas or Liquid Retention Constraint - determines the length of the vessel
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Appendix C.5 Ks values for separator vessels

Reference - (Svrcek & Monnery,
1993)

Mist Eliminator (Pressure in Psia)

1<=P<15

K =0.1821 + 0.0029P + 0.0460Ln (P)

15<=P<=40

K=0.35

40<=P<=5500

K = 0.430 -0.023Ln(P)

GPSA (Pressure in Psig)

0<=P<=1500

K =0.35 - 0.01(P-100/100)

Vapours under vacuum K =0.20
Glycol and Amine Solutions Multiply K by 0.6-0.8
Vertical vessels without mist eliminators | Divide K by 2

For compressor suction scrubbers, mole
sieve scrubbers and expander inlet
separators multiply k by 0.7-0.8

Multiply K by 0.7-0.8

_. /4D
Vi o

C,=expl¥)

Y=8411-2243X + 0.273X* - 1.865E ~ 2X° + 5.201E - 4

e ,,{0.95 +80,D3(0, - Pv))
2
Hy

Notes:

D, ft

p, tb/ft

u, cP

1 micron = 3.28084 x 10 ft

Light Phase Heavy Phase  [Min Droplet Diameter, um Ks
Hydrocarbons 127 0.333
Sg at 60degF < 0.85 Water or Caustic 89 0.163
Sg at 60degF < 0.86 Water or Caustic 89 0.163
Water Furfural 89 0.163
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Appendix C.6 Separator vessel internals weight and nozzle weights

Vessel Internals Weight in pounds (Wi) Manways
. Mist Eliminators Distillation Trays
Vessel Diameter
Vane Mist Mat Normal Light Weight
mm ft kg kg kg kg
0 0 6 5 32 23

616 2.0 6 5 32 23

770 2.5 8 7 48 34

924 3.0 10 9 73 50

1078 3.5 13 10 95 68

1232 4.0 15 12 127 91

1386 4.5 18 15 159 113

1540 5.0 21 16 200 141

1694 5.5 25 19 236 168

1848 6.0 27 21 284 200

2002 6.5 31 23 331 234

2156 7.0 34 25 386 272

2310 7.5 38 28 440 311

2464 8.0 42 31 504 354

2618 8.5 47 34 563 397

2772 9.0 53 36 635 445

2926 9.5 57 39 703 499

3080 10.0 62 42 794 553

3234 10.5 62 45 862 608

External Nozzle Weights in kg (Wn)

ANSI Nominal Nozzle Szes (DN)
Class 2 3 4 6 8 10 2 1 16 18 0
150 10 30 [ 65 100 140 18 20| N0 | M | 40
300 15 30 55 9% 130 mn 15 35 | 40 | S5 | 610
40 0 ) 0 100 150 205 29 30 | 490 | 580 | 705
600 JA) 40 75 120 180 JAL) 330 485 | 615 | 85 | 102000
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Appendix C.7

Liquid holdup and surge times

LIGQUID HOLDUP AND SURGE TIMES
SERVICES Holdup Times Surge Times
MILL-HLL MLL-LLL

min min
A UNIT FEED DRUM 10 5
B. SEPARATORS
1. Feed to Column 5 3
2. Feed to other drum or Tankagge
o. with pump or through exchanger 5 2
b. without pump 2
3. Feed to Fire Heater 10 3
C. REFLUX QR PRODUCT ACCUMULATOR
1. Reflux only 3 2
2. Reflux and Product 3+ 2+
*based on reflux (3min) + appropriate holdup time
of overhead product (per B.1,2.3)
. COLUMMN BOTTOMS
1. Feed to another column 5 2
2 Feed to other drum or Tankagge
o. with pump or through exchanger 5 2
b. without pump 2
3. Feed to Fired boiler 58 2-4
*based on reboiler vapour expressed as liguid
[3min) + appropriate haldup time for the bottom
product (per D.1,2,)
E. COMPRESSOR SUCTION /INTERSTAGE SCRUBBER
3min between high liguid alarm (HLL/HLA) and high
level shutdown [HLSD)
10min from bottom tangent line to high liquid alarm
F. FUEL GAS ENOCEDQUT DRUM
20ft slug in the incoming fuel gas line between NLL
and HLSD
F. FLARE ENOCEQUT DRUM
20 to 30rmin to HLL
Personnel factor Instrumentation factor
Experienced 10 Well instrumented 10
Trained 12 Standard instrumenbed 12
Inuperienced 15 Poorly instrumented 15
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Appendix C.8 Low liquid level height
Vertical Horizontal
Vessel Diameter LLL LLL
<300 psia >300 psia
<=4ft 15in 6in 9in
6ft 15in 6in 10in
8ft 15in 6in 11in
10ft 6in 6in 12 in
12ft 6in 6in 13in
16ft 6in 6in 15in
Appendix C.9 L/D ratio guidelines
Vessel Operating pressure, psig L/D
0<P<=250 1.5-3.0
250<P<500 3.0-4.0
500<P 4.0-6.0

Appendix C.10

a 4.76E-05 0.00153756
b 3.924091 26.787101
c 0.174875 3.299201
d -6.358805 -22.923932
e 5.668973 24.353518
f 4.018448 -14.844824
g -4.916411 -36.999376
h -1.801705 10.529572
i -0.145348 9.892851

_at+cx+ex?+ gx®+ ix?
1.0+ bx +dx? + fx3 + hx*

y

For H/D to A/AT ; y = Aiandxz
T
For A/ATtO H/D; y = Zand x = -

T

Ol x
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Appendix C.11

3-phase horizontal separator design

Min. 12 in.
Hv ><
Min. 12 in.
D Weir HLL
\ Light Liquid Hu NLL
Interface Light Liquid LLL
Heavy Liquid Huw Holdup/Surge
T Heavy Liquid Light Liquid
Outlet __ [ Outlet
I Ly > L, —
Min. N + 6 in.
Hv - Vapour Space Height dn - Nozzle Diameter
Hie - Low Liquid Level Height D - Diameter
Hw - Weir Height L1 - Minimum Length for Light and
heavy Liquid compartment
Heo - Light Liquid Height L2 - Minimum Length for Light
Liquid compartment
HuL - Heavy Liquid Height L - Total Length

15t stage 3-phase separator design

3-Phase Horizontal (units in metres)

Hv

Hiie

Hw

Hio

HuL

dn D

L1

L.

1st Stage 3-Phase Separator

1.76

0.30

0.92

0.46

0.46

0.16 | 2.68

4.02

341

7.43
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Appendix C.12 2-phase vertical separator design

WithWisi  Vapor Outet Wri\tﬂl'i\;ut g [N - I:(;\i/ththmd Level
Ellmnator/l\ﬂiminator g
. 3 Hw - Height from Normal
t . .
. S— Liquid Level (NLL) to
ol | XXXN High Liquid Level
(HLL)
H Hs - Surge Height
Ho B, Huin - Height from HLL to
Inlet nozzle centreline
| du|« ) .
Hp - Disengagement Height
Feed | d'__‘ :l:sz ¥
y Inlet 17 - Hwme - Extralength
o dn - Nozzle Diameter
Hum Dv - Diameter
Hr - Total Height
_oHLL,
ot LTS
Hy
> L
v HLLLI
Liquid Outlet

nozzle

2-Phase Vertical (units in metres) | Hie | Hw Hs | Hun | Ho | Hve | dn D Hr

Inlet Separator 015 | 2.00 | 1.20 | 112 | 132 | 046 | 0.81 | 1.70 | 7.61
2nd Stage Separator 015 | 240 | 144 | 101 | 1.26 | 046 | 0.70 | 1.26 | 7.64
3rd Stage Separator 015 | 120 | 0.72 | 117 | 135 | 0.46 | 0.87 | 1.62 | 553
2nd Stage LP Compressor Scrubber | 0.15 | 0.35 | 021 | 053 | 1.03 | 046 | 0.23 | 0.78 | 2.92
Intermediate Separator 0.15 | 400 | 240 | 066 | 1.09 | 046 | 0.35 | 0.59 | 13.24
Dehydration Scrubber* 0.15 | 0.00 | 0.00 | 0.60 | 1.06 | 0.46 | 0.29 | 157 | 2.27
1st St. HP Comp Scrubber* 0.15 | 0.00 | 0.00 | 061 | 1.07 | 046 | 031 | 164 | 2.29
2nd St. HP Comp Scrubber* 0.15 | 0.00 | 0.00 | 058 | 1.05 | 046 | 0.27 | 149 | 2.24

*In the process, these separators do not have a liquid phase. Separator was given a
conservative design assuming liquid phase of density 1000kg/m® and a flowrate of
0.000001m3/s
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Appendix D Heat exchangers

Appendix D.1 LMTD correction factor (1 shell pass; 2 or more tube passes)

iy

HHEHE

e R I

RS

R

Fi1 LMTD Comection Factor

b e

P = temperature efficiency

) _'r ] N - LMTD Correction Factor
- . XS
- —ty shell pass 2 or more tube passes N
| ——
" Pe la=l Ao 1T CMTD = (LMTD)(F:)
_ 1Ty | T: =1, tp=ty
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Appendix D.2

Tubing characteristics (courtesy of TEMA)

SqFt BqFt Walgit
Tuba Internal Extarnal Intarnal Par Foot Tuba Momontof | Section EBadigs of Transvarsd
op. | BWG | Thekmms | | Sufwo | Surfwo | Lmph | LD Inortts | Modohus | Gyraon | “e™ | S| poia) Aren
Inckias g % | 8q.Inch | ParFoot | PorFoot |  Steal Inckos | (Inches”) | (Inchos”} | (Inches) - | Bq Inch
Langih Lemgth Lbs*
Wy =] L [ L0654 LOG0H [ [RET) [IECTTH [Ty [T &b 128 LO1HG
Y 24 [LEE [N L0654 (LG 0G4 (L3085 LRI . DO0ESE LOE10 G2 1214 0L01LGH
¥ 2 D018 0L0Es0 00554 00560 0045 0214 000008 0.00071 [ 5H 1158 00181
LA ) 001e DLO0STE L0654 0LOGT1 (LR i) 0218 LRLLLT] D.0ET [k rc] GH 1147 00118
Ay 14 048 (R ) (LD LOTEE LITL OETT R D.D0E: 01188 894 1854 DL
¥ a0 0045 00T [ 00758 01eT 0505 [LOMHIGG 00005 01208 114 1250 00474
B & Lz LTS (LD (L0835 0104 g IR [} 0123 125 1178 [LRIG
Wy 24 L0 DL0SE0 [ 0867 [y 0 e 000810 01250 184 1122 D44
Yy 16 L0EG 0TS 01504 00465 0.0 [ L0 00086 01555 168 14851 00888
L 14 048 L12E9 L1308 0.1062 [LE- [LHI1H D071 1604 188 1244 OG54
W a0 0045 OTAEE 01504 01126 017 014 0.006E 01548 227 1158 005611
L) x oz L1548 L1308 01162 0141 L1 R DdE 01872 241 1138 00415
L] 12 0108 [LRE i)} L1536 0. 1065 (WML D05 (L1855 200 158 177
Ay 14 008G OUT48E 01536 01149 00057 0.0 0180 249 1457 01564
By 14 [L0EE L1655 L1536 0.1202 WG DT [k o) 268 1.5 141
ay 16 00T 01817 182H 01254 T [ 18T 289 1 0125
By 16 OL0es (LR -2 L1536 0.1256 IR DOT4E [l -] B 1368 114
Ay 17 LGS OUEn 1534 0.1484 (L0042 00134 X 17 18 0104
Ay 14 (RIS L2181 L1536 0.1.380 LI DOTIS 23044 S40 1185 0sY
ay 18 042 0. 01436 0.1416 00084 00106 B06T 64 1155 0077
By 20 IR L2419 L1536 0.1.453 [iWE2H D.0051 Lk i) 277 1138 G
L 10 134 AL [ 0.1262 012y (LS [k 286 155 D259
Ay 11 0180 oo 18 01835 00122 0L0E EBET a1y 1471 0238
Ay 12 0108 OUEEER sl 01353 L0116 [l [k ] 47 1410 21y
Ay 14 L05G 02458 018 014686 00107 0.0UEG 0340 384 188 1.15G
L 14 [L0EE 25T 1l 0.1G24 R DUEEE (L2ZETE 418 1284 0174
L 16 0LOTE LS8y sy 0.1G87 LRLE L) DR 02411 AG0 1288 1563
Ay 16 [0S oae 018ss 01624 00089 0.0 02088 471 1910 0140
L 17 L0GE LI1ET [ 0. 1660 [LHITH e (L2455 452 1148 0136
ay 18 D045 ook a1Esy 01707 L0067 0017 [ 521 1150 0108
E A 20 IR DlsE2 sy 0.1780 DRG0 [ELiE 2531 B67 11 Ty
k] 10 134 [kt (k) 0.15G84 [nEE21 D.0G0G (L2652 401 142 a1z
Wy 11 0130 18T [k} 0.1662 (204 DT (L2T0S 484 1378 286
£ 12 0108 QLSS0 (k) 01720 L0186 [t DEETEE 528 1.En 0.262
W 14 008G [ ) 0.1784 L0180 0.0411 OETTS 576 1277 02244
" 14 L0 (k-2 EEa 0.18566 L0164 DT L2815 &18 123 207
A 156 00T 04197 ] 014914 0.01.84 00487 050 &G 1187 0182
W 16 OL0es (L B ) (k) 0. 1860 [IRIRE: ) DURILE (L25TS &80 1174 .15
W 17 LGS [ ) 11887 00125 0L.0UEG [ TOH 1158 1148
T 14 048 DAT42 [k} 020534 [IRIARI ) [ L2935 Tal 1135 0127
W 20 (e OGS0 0zEE] 02107 00082 0LOTET TR THY 1LOST T
1 ] [L1E5 DLE2E 02518 0.17564 IR DO [E ) &G0 1458 .41
1 10 134 L4208 02518 0.1816 (LRG0 0T LE0aE &6 1855 L35G
1 11 01230 (LR ) 02518 0. 1550 L1 D.0es-4 (L3140 TOH 1315 L
1 12 0108 04508 02618 02047 00807 00615 0874 748 14978 0.8906
1 11 [L05G LG1EE 02518 02121 [LE2E0 DOGGE =T S04 1255 0270
1 14 08 OUG4ES 2518 02184 0054 00607 [ 852 1188 0249
1 16 0OTE LGTES 02518 02241 [uEz2y DLOGE LEE &0 11s8 210
1 18 [LUEG OUGEAS 2618 02274 L0210 00415 02H14 @27 1148 1181
1 14 048 LEES0 02518 02361 L0166 DUREEE (LEBET 287 1L1E 146
1 20 IR LETSE 02518 02435 o124 DT [E S E 1060 1075 106
1w, 7 L.180 . [ 02450 [L0H50 0.1425 LETE a7 L 160G
18 ] [L1EG DLEG4E TR 0.2404 L0847 D13GE (LES80 17 185 i
L 10 0134 O.75T4 0EETY 02671 00742 01157 ST 1182 1273 0470
1y 11 0130 DLBO12 LEET2 0.2644 L D0 QL4018 12560 1288 I.4236
14y 12 0108 DLE3E5 LT 0270 D42 DT (L4052 1306 1211 .yl
1y 11 [L05G (LR -] T2 02TTE LG TY .DS2E LT 177 1178 345
1y 14 L0 [ o] T2 0.2838 LBG21 D0 04138 1440 1L1=2 304
1M 16 (LG e [ 02042 0L.0426 006D 04188 1647 1118 0242
1y 14 048 1042s LEET2 03016 Rk 006G OLA250 1626 1085 .16
1w, a0 0085 10 [ 08089 .07 005G 4T 1704 105 0184
1y 10 134 11521 2y 0.4225 0.13564 DB LR 1860 1218 LGT6
1ty 12 0108 12508 Ry 03565 L1164 DIGE 4aEs 2014 1170 476
14 14 08 14977 oy 09402 00941 01241 O50E 2180 1124 1464
1y 18 L0es 1.4741 Ry 0.3GHT L0766 D00 T ) 1Es 253
2 1 0.1 Zazzs | omeg | D.as08 Ta1z od1ed | oanad | ouseso 2780 1138 11704
2 12 0108 4841 05298 [1.4EG @904 02004 02304 Q85T 2441 118 T
2 11 DL05G LETS0 236 04734 1536 02586 DIGEE OLETH 4014 1105 .GEY
2 14 e LEAT EEE 04801 1701 02504 02000 OETEL 4191 11 1504
* Weights are hased on low carbon steel with a density of 02833 ha'cu in. For other metals muoltiply by the following fuctors:
Alaminum 0.35 Aluminum Bronze 1M Nickel L13
Titaninm 0.58 Aluminum Bruss 1.068 hicl:e'|-|:rn|:|cf)¢r ) z
A TSI 400 Beries Stainless Steels 0.09 N:u:k_nl-chmmc—[mn 1.07 Copper and Cupro-Nickels
ATET 300 Series Stainless Steels Loz Admiralty Log
** Liguid Velocity = Min feet per sec (8p Gr of Woter ot 80°F = 1Oy
() (Sp Gr of Liquid)
Courtasy of TEMA
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Appendix D.3  Typical film heat transfer co-efficients for shell and tube heat
exchangers factor (Courtesy of HEDH : Heat Exchanger Design
Handbook 2002)
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Appendix D.4

Colour Coding

Heat exchanger calculator

Input Parameter
Drop down Input electon

Output

I ook ot

Emprica/Determined values

TUBE UNITS SHELL
Fluid GAS SEAWATER
Density of fluid 0 2801 g/’ 102
Mass Flow ul 1901 kgls 19
Specific Heat Capacity o) 291 | Whek [ ass1
K 40965 K 2815
K 28.15 K 2315
Foulng Factor [ LO0E04 150604
Film Transfer Co-¢fficient h 5.00E402 W/miK | 5.00E403
Duty Q 4868755655 KW | 4868755655
Logarithmic LMTD 48.10629711 K
Correction Factor (countercurrent] i 1
Comected MTD [T 4810629711
Assumed overall U (Tube Side)
Tube Size ) 001805]m 075 inches
| Wall Thickness BWG 14]
[ Wall m
Tube Size D 0014834|m
Tube Length 2438m
Number of Tube passes 1 INumber of Passes (1-pass or even no. upto 14)
e Length per pass 2438
| Assumed Pitch Ratio (Pt/d) 125 jassumed
Tube Pitch 0.0238125|m
 Cross-Sectional Area of Tube 0.000172825|m*
rea of a ingle tube 0113616616
[Assumed Overal Heat Transfer Co-eficent u 081632653
Transfer Area A 24.796028%4n*
Total Number of Tubes 218.2429814]
Number of Tubes per pass Nuses 19
Total Tube Area per pass
Volumetric low ls
Fluid Velocity per pass 2182805064|n/s _[Adjust Tub h
Tube Pattern Triangular
[Area Tube 000049 |n?
Diameter of Area Dy 037004
Corrected Area Acorrected | 010754 n*
Dy 040814 |m i
Head Lengths
Shell Length 243800
Length to Diameter Ratio 7] 530561

EQUATIONS

a

. 2V
Area e wianglar = 2 (PR, T

Areay upe, square = (PR &)

0,
N; Aredyp,
Dy = 2 |
tight T

Acoreced = Digia do (my = 1) + (N: Aredyge)

|OUTPUT PARAMETERS

ITube Diameter dr 0.015|metres
INumber of Tubes 21900
Shell Inside Diameter D, 0408|metres
Heat Exchanger Length L 2438(in
Weight of Vessel Wy 1.248]tons
Weight of Total Skid Weight Wig 2.441tons
N8 Wegts do ot ke hthstaticor udweghts o consieration

IVESSEL WEIGHT CALCULATIONS

DensityofSteel kg/m* T8L717
Weight Parameter Weight Per meter

[Tube Weight per meter 08809848

[Total Tube Weight 4687512 ke
Presssure Rating P £} bar
Shell Diameter Dypie 040814 n
[Maximur Allowable Stress of Material f 938.78 bar
LJoint Efficiency type Spot radiographed - DW

Lot Effciency J 085

C [ 0002 m
Shell wall thickness t 0.051374354 m
Length of Shel (seam-to-seam) 243 n
Shell ID 040814 m
shell 0D 045951 n
Shell Volume 0.085352382 '
Weight of Empty Shel 669.3092276 kg
Head Weights 1336224476 kg
|Frge Weghs 15 ke

0 afie Ct window height to D -25-35%) %
; 0ot 0] %
Dyyin =1 M +12d, Tute Length - L 24380 n
" cental bafle Spacing e 02041 n
safle Outlet pacing Lo 0205 n
afe It Spacig Ly 025 n
Number o Baffes N, 1
B 85%
L TotalBaffle Weight 293.218976 ke
- dip e Nozzle Weight
D= Shell D
M alowable stres of e meerial of contruction Empty Vessel Weight 108350643 ‘kg
J=boank efficicncy (usaally varics fomn 0700 09)
The i sl ks sk e dcided i omplince i e el el Vg of Pog m Yo e
dancr i e s e el by 5 490 Uy b Weight of Electica & nstrument We 085182 e
Weightof Skidteel ws 1248150683 ¢
|Weight of Wetid 2040.8292
sid ih 081 n
S Lergth 3657 n
i Height 1919 n
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Appendix E~ Compressor data

Appendix E.1 Compressor specification data (courtesy of Elliot)

| ComprEsSOR FrRame SUMMARIES

Frame Max Flow Impeller Diameter Configuration Casing Rating

M (Herizontal Split)

ke CFM
MB (Vertical Split)

10 10,800 | 6,400 264 104 | 19,800 ,;”E 36495 ;;333
15 14,400 | 8,500 303 1.8 | 17,300 ,.',”;L Eaasg ﬂﬁIDDDDDD
20 _ 19,000 | 11,200 | 248 | 13.7 | 15,000 ,;“E _ Eﬁagg | 115000000
25 - 25,000 | 14,700 | 401 | 15.8 | 13,100 I'.rl:lﬂEI | Eﬁaﬂg . :ﬁ%ngng
29 - 33,000 - 19,400 - 461 | 18.2 | 11,400 '.TB | Eﬁgﬂg . 11(5,%[:'000
32 | 43500 | 25600 | 530 | 209 | 9900 .L':,"E 36495 éggg
38 | 57400 | 33800 | 610 | 240 | 8600 .f:f:g - 36495 | },333
46 | 75,900 | 44,700 | 7o | 27.8 | ¥.500 p,r;:g | 26197 | :13:?23
56 | 100,200 . 59,000 . BOE . 3.7 . 6,500 hTB | 2319? | ;?gg
B0 | 132,500 . 78,000 I g27 I 36.5 I 5,600 hl':; 16395 | ;ggg
o | 175,000 . 103,000 . 1,066 . 42.0 I 4,800 hr':lﬂB 15,323 | 1?55[?0
] 231,100 I 136,000 I 1,226 I 48.3 I 4,300 I:::EI 14,313 | 1??[?9
g8 305,800 | 180,000 1.410 55.5 3,700 I.TB ;; FE?DGD
103 | 404,400 . 238,000 I 1,622 I 63.8 I 3,200 I M 26 I 380

110 | 535,200 . 315,000 I 1.865 I T34 I 2 800 I M T I 100

Note: Table dogs not include specifications for double flow configuration.

Standardization of Components

In developing the EDGE compressor product line, we focused on standardizing components and hardware to
reduce costs and improve reliability across a wide array of applications. The EDGE product line consists of 15
standard frame sizes, which are scaled from the 380 median frame size. Casing bores and internal asrodynamic
hardware, such as impellers, diaphragms, and shafts, are scaled. Scaling asrodynamic components improves
performance pradictability and increases reliability by rving geometric similarity across frame sizes. Bearings
and seals are selected from vendor standard sizes for each application
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m WeicHTs, Dimensions anD CONFIGURATIONS

Maximum
Minimsum Rodor cludes =1 Minimum Cas- Maximum Casing
Aaior Lemsgth Length |exc. & z img Weighi Weight

fim. f mm) lin. £ mm) [im. . f mm) bRy}
Typical Weights amd Dimensions lor EMialt Horizontal Splil Compressors”
64 /1,525

35 7 890 ITINUTA 3625/ 921 4,700 /2,130 9000/ 4,080

15M 35/ Ba0 TS5 1906 425 /1 080 4133 11,051 5600 5 2540 12,700 5,760
Z0M a0 115 B0 [ 2060 485 11232 a7 &S 1.5 8,200 f 3,720 18000 7 8,185
Z5M 451,145 B0 f 2785 851 /1400 541Z 1375 11,100 f 5,085 24 500 7 11,100
200 50712 110 72,795 g54 § 1661 50.2% 1 1,505 14,000 ¥ 6,350 32000 14,500

2M 5071270 124 73150 705 81,790 6575/ 1,670 15,700 § 7 1210 a5 000/ 20,400

JEM 55 11 400 135 73430 763 r 1538 MEE 1.7 23000 § 10,430 B2 000 28,100

468 051, TED 155 73540 GBS 1588 BAS F 23273 32,500 § 14,740 B 000/ 39,500 In-Limg

SEM BO/ZOB2  175/4445  TH/1980 9338/ 23T2 S1500/23360 127.000, 57500 wilh Shde-Streams
(=110 o 2565 190/ 4 825 Ba.F r2Em ar 2464 25 00 F 26 e 10N 37,100

oM 100 /2 240 230 5 B840 1035 2529 11388 /2 93 4,000 § 34 000 210004 f 95 250

TEM 100 F 2 540 25

1085 r2. 12553188 o5, 000 § 43100 205 0040 7 133,200

BaM 115 2 520 275 [6.985 133 /33578 1375 3,492 130,000 £ 52000 360000 172 400

M 135 /3420 300/ redo 156 £ 3.5962 1585 4025 205,000 97 S0 525000 7 238,100

140 [ 3 556 375/ B.355 182 [ 4 523 182 ¢ 4630 270,000 § 122 470 G000/ 312 960

q - In-Lime
ns for Ellion Venical Split Compress with is0-Caoling

Typecal Weights and Dimens

1OMEB: 35 &30 &2 1575 a3 /1 e 425 1.080 T 3,175 13000 7 5,900
15ME 35 7820 721530 46 71,168 48 71.218 E.400 ¥ 3,510 17.500 7 7,940
20ME 40 /1 015 B0 [ 2,030 50,7127 5375 /1,366 12,000 /5 440 25000 7 11,340
25ME a5 1,145 B8 f2.239 58511 486 62 /1579 18,400 8,345 36000 7 163 0G0
20ME 50512 105 2610 6431633 1630 23,000 § 10,435 49000/ 22 225
AZME: 5071270 120 73060 nrnsn 1,543 28,500 § 12500 G2000 7 31,200

Dowble-Flow
JAME 55 /1400 130§ 3.300 THS 1584 B3.25 /2,115 36,500 ¥ 15560 B2.000 /40,400

46ME L Y 150/ 3810 065245 BG5S ' 2097 47,500 7 21 500 115000 1 52 200
SEME BO f2 0ah 170/ 4330 1042 /2 647 1212 /2 504 0,000 § 31,750 160000 /7 72 &600
GOME: 90 f1 525 185 [ 4.7 113 F2 570 1125 2 858 90,000 § 41 0040 200,004 7 91,000

TOME 100 72540 22555 1152 F 2526 12096 3,064 100, D00 £ 45,350 25711000 F 113,500

TAME 1002540 2456225 120 /3048

)i 5506 135,000 F 55, 1H) F15000 7 143 000

140
BEME  115/2500  265/6730 137 /3,480 148 / 3,750 205,000 /000 455000/ 211,000
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Appendix E.2 Compressor calculator

Colour Coding

Input Parameter
Empirical/Determined values

Drop down

Output

OUTPUT PARAMETERS

Compressor Width w 1.092‘ metres
Casing Height H 1.080\metres
Average Footprint 1.3136‘m2
Weight of Vessel Wy 4.538‘tons
Weight of Total Skid Weight Watid 4.538]tons
[NB. Weig take hydrostatic or fluid

COMPRESSOR WEIGHT CALCULATIONS

Casing Width 1092.0 mm
Casing Height 1080.0 mm
Average Casing Weight 4531.5 kg
Average Footprint 134589  |m’
Average Casing Weight 4537.5 ke

Question: which enthalpy -- there is mass enthalpy and molarenthaply
273.15
136.5
409.65
INPUTS PARAMETERS
Suction (1) Units | Discharge (2)
Pressure P 120  bar 200
300 °C 70.86
Temperature T
303.15) K 344.01
Density 0 127.| kgim’ 1653
Specific Volume v 0.007861635| m’/ kg 0.006049607
Enthalpy h -4416.0] ki/kg -4345.0
Flow Rate Q 03677] m'fs
C ibilty Factor z 07344 -
Molecular Weight MW 19.63| kg/kmol
Gas Constant R 8314| J/kmol.K
Correction Factor f 1.0
Polytropic exponent n 1.949706046)
PERFORMANCE PARAMETERS
Pressure Ratio m 167 |-
Polytropic Head H, 54,689.50 [J/kg
Polytropic Efficiency Ny 77.0%)
Total Head H 71,000.00 |J/kg
Calculated Work ‘ W 3,320.77]kw ‘
COMPRESSOR TYPE
Frame 10
Frame C Vertical Split MB
Pressure Limit 345 Barg
Frame Selection - Confirmation (based on Pressure limit) YES if no change frame
‘Sp\it Stream (based on Compressor pressure limits) [ 1 | ‘
‘Adjusted Flow rate ‘ 0.3677 | ms ‘
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Appendix F  Standing-Katz chart (compressibility factor Z)

z-factor from Standing and Katz (reported by Poettmann)
(z-factor versus Ppr Format)

Reference Curves:
Standing, M.B. and Katz, D.L.: "Density of Natural Gases,” Trans.,
AIME (1942) 146, 140,
Poettmann, H.F., and Carpenter, P.G.: "The Multiphase Flow of
Gas, Qil, and Water Through Verlical Flow String with Application
to the Design of Gas-lift Installations,” Drilling and Production
Practica, (1952) 257-317.

2.20  2.00

e
w

~ 1,70 =
_ 1,607 7

Compressibility Factor, z
o
[=-]

"o 1 2 3 4 5 6 7 8 8 10 11 12 13 14 15
Pseudoreduced Pressure, Py
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Appendix G
Appendix G.1

Colour Coding

Piping data

Piping calculator

input Parameter

Empirical/Determined values

Output
INPUT PARAMETERS (OUTPUT PARAMETERS
Phase Flow T Toaud I
Wall Thickness (ASME Code) [ Wall thickne: formula) |
072[in
Line Type Line
Pipe Internal Diameter 3.338/in
Velocity 20,705 ft/sec
Wall thickness
Wall thickness (Generalised formula) Velocity Considerations (Governed by API RP 14)
Hoop Stress i pipe wall Hs 12000[pst ™ Liquid Line Sizing
Length of Pipe L [Pipe 1D T4 [n
Internal Pressure of the pipe P 725[psi [Fluid Flow rate | 18870(8/D
Outside diameter of pipe & G025)in |iquid Velocity” v
Pipe wall thickness t 0.17163556]
“where solids might be present or where water could settle out zones i low spots, o 3ft/secis
ode B3L3 normally used. A maximum velocity of 15 y caused by
Nominal Pipe Size 25-20]in quickly losing a valve.
Longitudinal Weld-joint type Weld (ERW)|
Pipe Grade ASTM A206 8API 5L, Grade B
Temperature imit F
Corrosion allowance te in Gas Line Sizing
Thread or groove depth t 011]in Pipe 1D d 0[in
[Alowable internal pressure P 500] st Gas Flow rate Qg 176
Outside diameter of pipe do 6.025in a T 552878
[Alowable stress for pipe s 18900]pst Flowing Pressure v 725[pst
Longitudinal Weld-joint factor 3 085 actor z 085
Y 0.4] Gas Velocity ** Ve 6867208412 t/sec
llowable tolerance™* Ta 10.0%)
imum design wall thickness t am_n' in **velacity in gas lines should be less than 60 to 80 ft/sec to minimize noise and allow for corrosion inhibition. A lower velacity of 50 ft/sec
Jertous materals aperaing below 500°F should be used in the presence of as Co2. The between 10 and 15 ft/sec, which
ipe up to 20in-0D, 10pipe > 20in. 0D, A 5t minimizes liquid fallout.
| ASME/ANS| Code B31.4 Multiphase Line Sizing
Internal Pressure of the pipe P 725[pst Pressure 3 725[pst
Outside diameter of pipe do in Gas Constant R 8314
API 5L, ASTV A 53, ASTM A 106 Specific Gravity of the Liquid (relative to water) 56 0.862)
Grade B Specific Gravity of the gas relative to air s 0567
Weld Joint Type Seamless| [Temperature T 552.87]R
inimm ieasuss or pipe 5 P g o Z o
F 07 [Average density of the mxture thom 2
Solids-free, CRAmaterial
Longitudinal Weld-joint type Electric Fusion (Arc) Weld Empirical Constant c (cont. service) min|
Longiurl Vielgjon acar G 050 et Constrt c @‘
[Minimum design wallthickness t 0.0899[in Erosional Velocity*** ve 20.70494117|/ssec
Liquid-Flow rate a 18870[8/0
Pipe 1D d s.@‘ in
ode B31.8 yis 101to 15 t/sec. The inhibit noise and 50 ft/sec for
Internal Pressure of the pipe P 725[psi €02 corrosion inhibition.
Outside diameter of pipe & <lin
APisL|
Grade 25|
[Minimum Yield stress for pipe s 25000]psi
lic roads_(without Casing)|
Location Class Div 2]
Design Factor P [
ASTV A 134]
Pipe Class Electric Fusion Arc Welded|
Longitudinal Weld-joint type 3 0.50)
Temperature range 2010 250)
T 1
[Minimum design wallthickness t 0.4510(in
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Appendix G.2

Liquid and gas pipeline optimum velocity

PIPELINE OPTIMUM FLUID VELOCITY

60
NOMINAL Wall - Theoretical
PIPELINE PHASE ' PﬁDE_ SIZE | SCHEDULE | thickness A:Q;'?;Z) \gcl;‘c‘f‘t'y e|?/|aex | Feasible Weight Af;ﬂglﬁd Gross
Mass Density | Volume Flowrate (in) (m) Velocity (kg/m) Weight
kg/m® md/s NPS m? m/s m/s kg/m m

43 Wet Gas 106.55 1.0455 10 80 0.015062 | 0.046325 22.57 YES 95.73 7| 67013

15 Condensate 564.90 0.0415 25 58 0.002108 | 0.003717 11.17 YES 3.68 7| 2573
14 Wet Gas 87.59 1.0040 10 120 0.021412 | 0.041608 24.13 YES 132.74 7] 92921

24 Condensate 564.90 0.0415 25 58 0.002108 | 0.003717 11.17 YES 3.68 7| 2573

16 Condensate 297.32 0.0789 3 10s 0.003048 | 0.005382 14.66 YES 6.44 7] 4511
42 liquid 74.35 0.0000 _ 0.022225 | 0.023938 0.00 YES 107.77 7| 75441
39 liquid 81.43 0.0000 0.022225 | 0.023938 0.00 YES 107.77 7| 75441

44 Condensate 297.32 0.0789 3 10s 0.003048 | 0.005382 14.66 YES 6.44 71 4511

Wet Gas 80.70 0.0407 80 XS 80S 0.005537 | 0.001904 21.38 YES 747 7| 5229

Water 976.46 0.0004 15 XXS 0.010160 | 0.000613 0.63 YES 9.54 7| 6677

4 Condensate 523.76 0.0378 15 160 0.007137 | 0.000907 41.68 YES 7.23 7 | 5063
13 Condensate 42.10 0.4701 12 100 0.021412 | 0.061996 7.58 YES 159.53 7| 1116.72

28 Condensate 588.95 0.0014 15 XXS 0.010160 | 0.000613 2.24 YES 9.54 7 66.77
45 Condensate 43.54 0.4732 12 100 0.021412 | 0.061996 7.63 YES 159.53 7 | 1116.72
7 Wet Gas 11.02 0.4491 4 80 XS 80S 0.008560 | 0.007414 60.57 YES 22.29 7 | 156.05

56 Water 995.35 0.0000 —I 0.011074 | 0.001144 0.01 YES 13.44 7| 94.07

8 Condensate 648.78 0.0241 25 5S 0.002108 | 0.003717 6.49 YES 3.68 7 25.73
12 Condensate 14.84 1.0548 18 30 0.011100 | 0.148542 7.10 YES 121.98 7 | 853.89
10 Wet Gas 1.0351 4 40 Std 40S 0.006020 | 0.008209 126.10 YES 16.06 7| 112.40
57 Water 757.59 0.0000 0.003404 | 0.055645 0.00 YES 22.61 7| 158.24

Stable Condensate | Condensate 690.52 0.0197 2 80 XS 80S 0.005537 | 0.001904 10.32 YES 7.47 7 52.29
17 Gas 0.1478 3 XXS 0.015240 | 0.002679 55.17 YES 27.65 7 | 19355

18 Gas 43.80 0.0475 160 0.008712 | 0.001445 32.86 YES 11.07 7| 7150

58 Sea water 1022.25 0.0123 15 5S 0.001651 | 0.001587 7.75 YES 1.89 7 13.23

48 Sea water 0.0123 15 5S 0.001651 | 0.001587 7.74 YES 1.89 7 13.23

49 Sea water 1011.50 0.0124 15 58 0.001651 | 0.001587 7.83 YES 1.89 7 13.23

46 Wet gas 14.22 0.4940 4 10s 0.003048 | 0.009191 53.75 YES 8.35 7| 5844
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PIPELINE PHASE _ ’;g\é |Sr\|1§|é SCHEDULE thi\::\{f:!ess A:Q;'?riz) \/Aeclng‘t'y Thel?/lrae;mal Feasible | Weight AEZﬂ;‘;d Gross
Mass Density | Volume Flowrate (in) (m) Velocity (kg/m) Weight
kg/m® mé/s NPS m? m/s m/s kg/m m
3 Wet Gas 0.4926 4 10s 0.003048 | 0.009191 53.60 YES 8.35 7| 5844
19 Condensate 0.0014 15 XXS 0.010160 | 0.000613 2.24 YES 9.54 7| 6677
CompStream?2 Wet Gas 0.0766 3 160 0.011100 | 0.003492 21.94 YES 21.28 7 | 148.96
20 Wet Gas 276.92 0.0224 15 55 0.001651 | 0.001587 14.15 YES 1.89 7 13.23
59 Sea water 1022.25 0.0442 5S 0.002108 | 0.005629 7.86 YES 451 7| 3156
50 Sea water 0.0442 5S 0.002108 | 0.005629 7.85 YES 451 7| 3156
51 Sea water 1011.50 0.0447 58 0.002108 | 0.005629 7.94 YES 451 7| 3156
47 Wet Gas 159.01 0.0598 25 10s 0.003048 | 0.003516 16.99 YES 5.25 7| 36.77
26 Liquids 344.90 0.0120 15 5S 0.001651 | 0.001587 753 YES 1.89 7 13.23
11 Wet Gas 112.54 0.0478 2 10s 0.002769 | 0.002356 20.29 YES 3.93 7| 2750
22 Wet Gas 88.55 1.0539 10 120 0.021412 | 0.041608 25.33 YES 132.74 7| 929.21
1 Wet Gas 88.55 1.0539 10 120 0.021412 | 0.041608 25.33 YES 132.74 7| 929.21
23 Wet Gas 74.40 1.2542 10 80 0.015062 | 0.046325 27.07 YES 95.73 7| 67013
29 Dry gas 74.35 1.2550 10 80 0.015062 | 0.046325 27.09 YES 95.73 7| 67013
32 Water 1009.52 0.0000 0.022225 | 0.023938 0.00 YES 107.77 7| 75441
41 liquid 74.35 0.0000 0.022225 | 0.023938 0.00 YES 107.77 7| 75441
40 Dry gas 80 0.015062 | 0.046325 27.09 YES 95.73 7| 67013
33 Dry gas 0.9563 10 120 0.021412 | 0.041608 22.98 YES 132.74 7] 92921
34 Dry gas 120.32 0.7755 10 160 0.028575 | 0.036591 21.19 YES 172.09 7 | 1204.64
60 Sea water 1022.22 0.1401 6 40 Std 40S 0.007112 | 0.018629 7.52 YES 28.23 7| 19761
52 Sea water 0.1401 6 40 Std 40S 0.007112 | 0.018629 752 YES 28.23 7| 19761
53 Sea water 6 4051d40S | 0007112 | 0.018629 7.60 YES | 28.23 7| 19761
9 Dry gas 8 10s 0.003759 | 0.035134 22.07 YES 19.94 7 | 13959
37 liquid 0.022225 | 0.023938 0.00 YES 107.77 7| 75441
38 liquid 0.022225 | 0.023938 0.00 YES 107.77 7| 75441
35 Dry gas 8 40 Std 40S 0.008179 | 0.032259 18.65 YES 42.49 7| 29741
36 Dry gas 174.24 0.5355 8 80 XS 80S 0.012700 | 0.029445 18.19 YES 64.57 7 | 452.00
61 Sea water 1022.22 0.0950 6 XXS 0.021946 | 0.012145 7.82 YES 79.11 7 | 553.77
54 Sea water 0.0949 6 XXS 0.021946 | 0.012145 7.82 YES 79.11 7 | 553.77
55 Sea water 1011.29 0.0960 6 XXS 0.021946 | 0.012145 7.90 YES 79.11 7 | 553.77
2880.66 TOTAL  20164.63
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Appendix G.3  Thread allowance calculations for threaded pipe-wall thickness, ti

Nominal Pipe Size tth, in
0.25-0.375 0.05
0.5-0.375 0.06
1-2 0.08
2.5-20 0.11

Appendix G.4  Basic allowable stress for grade B and X-42 seamless pipe

Temperature, ° F ASTM A206 &API 5L, Grade B API 5L, Grade X42
-20 to 400 20000 20000
500 18900 N/A
600 17300 N/A
650 17000 N/A

Appendix G.5  Basic allowable stress for oth

er grades of seamless pipe

Allowable Stress

Grade Minimum Temperature Minimum Temperature
to 100° F
API 5L-A -20 16,000
API 5LX-42 -20 20,000
API 5LX-46 -20 21,000
API 5LX-52 -20 22,000
ASTM A-106-B -20 20,000
ASTM A-333-6 -50 20,000
ASTM A-369-FPA -20 16,000
ASTM A-369-FPB -20 20,000
ASTM A-524-1 -20 20,000
ASTM A-524-11 -20 18,300
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Appendix G.6  Longitudinal weld joint factor

Seamless 1.00
Electric Fusion Weld 0.95
Double Butt 0.95
Straight Seam 0.95
Spiral Seam APL 5L 0.95
Electric Resistance Weld

(ERW) 0.85
Furnace Butt Weld 0.60
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Appendix G.7

Minimum yield stress for pipe (courtesy ANSI/ASME)

Furnace Butt

Electric Resistance Weld

Electric Fusion

Submerged

Specification Grade Seamless Weld\,/\(/:ecl)(rjr;lc;\uous (ERW) ar\llsellzdlggtrlc Flash Welded Arc Weld
API 5L A25 25,000 25,000 - -

API 5L, ASTM A 53, ASTM A 106 A 30,000 30,000 - - 30,000
API 5L, ASTM A 53, ASTM A 106 B 35,000 35,000 - - 35,000
API5LU uU80 80,000 80,000 - - 80,000
API5LU U100 100,000 100,000 - - 100,000
API 5L X42 42,000 42,000 - - 42,000
API 5L X46 46,000 46,000 - - 46,000
API 5L X52 52,000 52,000 - - 52,000
API 5L X56 56,000 56,000 - - 56,000
API 5L X60 60,000 60,000 - - 60,000
API 5L X65 65,000 65,000 - - 65,000
API 5L X70 70,000 70,000 - - 70,000
ASTM A 106 C 40,000 - - - -
ASTM A 524 I 35,000 - - - -
ASTM A 524 H 30,000 - - - -
API 5L, ASTM A 53, ASTM A 135 A - - 30,000 - -
API 5L, ASTM A 53, ASTM A 135 B - - 35,000 - -
ASTM A 134 - - - - -
ASTM A 139 A - - - 30,000 -
ASTM A 139 B - - - 35,000 -
ASTM A 671 - - - - - -
ASTM A 671 - - - - - -
ASTM A 672 - - - - - -
ASTM A 672 - - - - - -
ASTM A 381 Y35 - - - - 35,000
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Furnace Butt

Electric Resistance Weld

Electric Fusion

Submerged

Specification Grade Seamless Weld, Continuous | (ERW) and Electric Flash Welded Arc Weld
Welded welded
ASTM A 381 Y42 - - - - 42,000
ASTM A 381 Y46 - - - - 46,000
ASTM A 381 Y48 - - - - 48,000
ASTM A 381 Y50 - - - - 50,000
ASTM A 381 Y52 - - - - 52,000
ASTM A 381 Y60 - - - - 60,000
ASTM A 381 Y65 - - - - 65,000
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Appendix G.8  Specified minimum yield strength for steel pipe commonly used in pipe systems (courtesy ANSI/ASME — code B31.8)

Specification Number Grade Type SMYS, psi
API 5L A25 BW, ERW, S 25,000
API 5L A ERW, S, DSA 30,000
API 5L B ERW, S, DSA 35,000
API 5L X42 ERW, S, DSA 42,000
API 5L X46 ERW, S, DSA 46,000
API 5L X52 ERW, S, DSA 52,000
API 5L X56 ERW, S, DSA 56,000
API 5L X60 ERW, S, DSA 60,000
API 5L X65 ERW, S, DSA 65,000
API 5L X70 ERW, S, DSA 70,000
API 5L X80 ERW, S, DSA 80,000
ASTM A 53 Type F BW 25,000
ASTM A 53 A ERW, S 30,000
ASTM A 53 B ERW, S 35,000
ASTM A 106 A S 30,000
ASTM A 106 B S 35,000
ASTM A 106 C S 40,000
ASTM A 134 - EFW -
ASTM A 135 A ERW 30,000
ASTM A 135 B ERW 35,000
ASTM A 139 A EFW 30,000
ASTM A 139 B EFW 35,000
ASTM A 139 C EFW 42,000
ASTM A 139 D EFW 46,000
ASTM A 139 E EFW 52,000
ASTM A 333 1 S, ERW 30,000

165



Specification Number Grade Type SMYS, psi
ASTM A 333 3 S, ERW 35,000
ASTM A 333 4 S 35,000
ASTM A 333 6 S, ERW 35,000
ASTM A 333 7 S, ERW 35,000
ASTM A 333 8 S, ERW 75,000
ASTM A 333 9 S, ERW 46,000
ASTM A 381 Class Y-35 DSA 35,000
ASTM A 381 Class Y-42 DSA 42,000
ASTM A 381 Class Y-46 DSA 46,000
ASTM A 381 Class Y-48 DSA 48,000
ASTM A 381 Class Y-50 DSA 50,000
ASTM A 381 Class Y-52 DSA 52,000
ASTM A 381 Class Y-56 DSA 56,000
ASTM A 381 Class Y-60 DSA 60,000
ASTM A 381 Class Y-65 DSA 65,000

Appendix G.9  Basic design factor (F) for steel pipe construction in natural gas service (courtesy ANSI/ASME - code B31.8)

Location Class

Facility 1

1-Div 1 1-Div 2 2 3 4
Pipelines, mains and service lines 0.80 0.72 0.60 0.50 0.40
Private Roads (without Casing) 0.80 0.72 0.60 0.50 0.40
Unimproved public roads (without Casing) 0.60 0.60 0.60 0.50 0.40

Roads, Highways, Public streets with hard surface and

railroads (without Casing) 0.60 0.60 0.50 0.50 0.40
Private Roads (with Casing) 0.80 0.72 0.60 0.50 0.40
Unimproved public roads (with Casing) 0.72 0.72 0.60 0.50 0.40
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Location Class

Facility

1-Div 1 1-Div 2 2 3 4
Roads, Highways, Public streets with hard surface and
railroads (with Casing) 0.72 0.72 0.60 0.50 0.40
Parallel encroachment - Private Roads 0.80 0.72 0.60 0.50 0.40
Unimproved public roads - Parallel encroachment 0.80 0.72 0.60 0.50 0.40
Roads, Highways, Public streets with hard surface and
railroads - Parallel encroachment 0.60 0.60 0.60 0.50 0.40
Fabricated assemblies 0.60 0.60 0.60 0.50 0.40
Pipelines on bridges 0.60 0.60 0.60 0.50 0.40
Compression Station piping 0.50 0.50 0.50 0.50 0.40
Near concentration of people in Location Classes 1 and
2 0.50 0.50 0.50 0.50 0.40
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Appendix G.10 Basic design longitudinal joint factor for steel pipelines in natural gas
service (courtesy ANSI/ASME - code B31.8)

Specification Number Pipe Class E factor
ASTM A 53 Seamless 1.00
ASTM A 53 ERW 1.00
ASTM A 53 Furnace Butt Welded 0.60
ASTM A 106 Seamless 1.00
ASTM A 134 Electric Fusion Arc Welded 0.80
ASTM A 135 Electric Resistance Welded 1.00
ASTM A 139 Electric Fusion Welded 0.80
ASTM A 211 Spiral Welded Steel Pipe 0.80
ASTM A 333 Seamless 0.80
ASTM A 381 Double Submerged Arc-Welded 1.00
ASTM A 671 EFW - Class 13, 23, 33, 43, 53 0.80
ASTM A 671 EFW - Class 12, 22, 32, 42, 52 1.00
ASTM A 672 EFW - Class 13, 23, 33, 43, 53 0.80
ASTM A 672 EFW - Class 12, 22, 32, 42, 52 1.00
API 5L Seamless 1.00
API 5L Electric Resistance Welded 1.00
API 5L Electric Flash Welded 1.00
API 5L Submerged Arc-Welded 1.00
API 5L Furnace Butt Welded 0.60

Appendix G.11 Basic design temperature derating factor for (T) for steel pipelines in

natural gas service (courtesy ANSI/ASME - Code B 31.8)

Temperature, ° F T
-20 to 250 1.000
300 0.967
350 0.933
400 0.900
450 0.867
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Appendix H  Maximum allowable stress (ASME Division 1 and
2)

Material Spec No. Grade t[?)“-/és(()Zd(()a%eg)F gé\ége(g?:?deg': 0
SA-516 55 13,800 18,300
SA-516 60 15,000 20,000
SA-516 65 16,300 21,700
SA-516 70 17,500 23,300
SA-285 A 11,300 15,000
Carbon Steel Plates SA-285 B 12,500 16,700
and Sheets SA-285 C 13,800 18,300
SA-36 - 12,700 16,900
SA-203 A 16,300 21,700
SA-203 B 17,500 23,300
SA-203 D 16,300 21,700
SA-203 E 17,500 23,300
SA-240 304 1,200 20,000
High Alloy Steel SA-240 304L - 16,700
Plates SA-240 316 12,300 20,000
SA-240 316L 10,200 16,700

169



Appendix | Pumps

Appendix I.1 Piping equivalent length of valves and fittings (feet)

g . |Short | Long 1| Soft

: W B % } ':?1 rad. | rad HT T 90" miter bends Enlargement Contraction

. a8 = @ all ell

i (3 F| 2 = - s

g |22 % |~ Fl = Sudden | Std. red. Sudden Std. red.

K g 5 g = i

o - j ) & k- E ! ¥ ¥ Equiv. L in terms of small d

- e 5 'é @ 5 j EI 2 3 = =] = Bl = = El = = =
E ] |- - k| = =1 = =1 = =1 = = =] i

B g ? k| = = -y e - n " n " ] L] n ] ] n
s @ s elal|lelale|e|e|e]|a]e

= 2 |8 |2 |8 |= |[=|=|=|=|=%
55 25 13 7 1 L2352 |3(B|8|2]3 5 i 1 4 1 3 2 1 1 -

T0 a3 17 14 2 J |4 |5 |5 [4|10f10 5] 4 T 4 1 E 1 8 3 1 -
a0 4l 20 11 2 -5 89— (12 -] 8 5 2 & 2 4 3 2 2 -

-] Wi | S0 25 17 2 2 [ 4 14 4 10 [ 2 & ] 5 4 z 2
4 130 65 32 30 3 3 T 5 ) 5 1z B 3 10 3 B 5 3 3
L] 200 L) 48 T 4 4 11 B 5 B 18 12 4 14 4 @ 7 4 4 1
B 280 L & 15 g a7 @ 25 16 & 19 5 |+ g & 8 2
10 0 T T 15 12 47 12 31 20 T 24 T 15 12 L] & 2
12 400 @ o 22 14 55 14 28 21 20 37 24 8 5 B 18 14 T 7 2
14 450 mn 10 16 42 24 42 26 @ - 20 16 - - -
16 500 11 11 18 48 a7 17 S0 mn - - 24 18 8 -
18 550 12 12 20 42 a0 53 85 11 - - 26 20 Lk - -
20 650 155 21 14 14 23 46 5 32 B0 58 13 - - 30 23 11 - -
22 BEB 170 225 15 15 25 52 s L 34 BS 42 14 - - 32 25 12 - -

24 T50 185 154 16 16 7 56 s i 36 il 46 15 - - 15 a7 13 - -
0 - — - 412 21 21 40 i a1 44

36 - - - 5 z5 47 84 il 52

4 - - - 30 30 55 g [ 64

48 - - - 35 35 65 112 81 72

54 - - - 40 40 T0 126 0 BO

il - - - 45 45 Hil 1450 S 82
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Appendix 1.2

Frictional loss in pipes (schedule 40)

SCHEDULE 40 (STEEL PIPE) -- inches

Pipe Size in Inches
Friction Loss per 100ft

GPM 2 3 4 6 8 10 12

10 0.25 0.04

12 0.34 0.05

15 0.52 0.08

20 0.87 0.13

25 1.30 0.19

30 1.82 0.26

35 2.42 0.35

40 3.10 0.44

45 3.85 0.55

70 8.86 1.22 0.35

100 17.40 2.39 0.63

150 38.00 5.14 1.32

200 66.30 8.90 2.27 0.3 0.08

250 90.70 14.10 3.60 0.49 0.13

300 19.20 4.89 0.64 0.16 0.05

350 26.90 6.72 0.88 0.23 0.07

400 33.90 8.47 1.09 0.28 0.09

450 42.75 10.65 1.36 0.35 0.11

500 52.50 13.00 1.66 0.42 0.14

550 63.20 15.70 1.99 0.51 0.16

600 74.80 18.60 2.34 0.6 0.19

650 87.50 21.70 2.73 0.69 0.22

700 101.00 25.00 3.13 0.8 0.26

750 116.00 28.60 3.57 0.91 0.29

800 131.00 32.40 4.03 1.02 0.33 0.14
850 148.00 36.50 4.53 1.13 0.37 0.15
900 165.00 40.80 5.05 1.27 0.41 0.17
950 184.00 45.30 5.6 1.41 0.46 0.19
1000 204.00 50.20 6.17 1.56 0.50 0.21
1100 7.41 1.87 0.60 0.25
1200 8.76 2.2 0.70 0.30
1300 10.2 2.56 0.82 0.34
1400 11.8 2.95 0.94 0.40
1500 13.5 3.37 1.07 0.45
1600 3.82 1.21 0.51
1800 4.79 1.52 0.64
2000 1.86 0.78
2200 2.25 0.94
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Appendix 1.3

Framo submersible pump

piate min dia/max dia [kg]

Performance domain
“ VAL
SLUL AN NN
= \ k\\
155 \\
| \\
00
120
E. 150 7
&
E
=
100 7
=) Ll
DD N
E DD BN
e E200 BN
. |
’ | =
(1]
0 4400 X000 13300 4000 FRD00 G000 2 30A00 0 S0DD 0 30600 {0DDD L5400 12000 STA00 14000
mAh - LES galmin
Submerged lift pump
Small Mbediumi Large
PUMP TYPE SEX0 SEXNS SEZB0 SEXS SE3GS SEADD SE450 SERM SESE]
Required calsson diameter 1E° 28" am 3" 400 4B 52 i 62"
Flow range 200-500  300-1000 B00-2400 TO0-3200 1400-E200 2B00-B500 3000-10000 S000-12000  4000-15000
[ (BEF)
Plpestack iy 10744 il l:n 147520 18°°28 2432 247044 24%44" 24744
diameter min‘max
Max power (SVE0HEZ) (kW] 175220 4000400 8001000 100071200 21002500 22002800 Z800/3E00 J300A000 8004000
Max power [SVE0HEZ) kW] M WA MA MA 14001 750 1B0OVZ150 220052700 260003150 800500
11KV
Voltage D4NDEE 040068 04018 D4ALEE 0.40M 1 3.3 33 3311 el b |
min/max [kv]
Welght pumpy = 1] 1500 2700 5000 BEO0 B500 10200 12000 13500
motor unit max [kg]
Welght per 6m plpestack 200 384500 3847501 SD0T 30 281815 TroM1s0 T30 TN 300 T70M300
min/max dia [kg]
Weight top-bend and top- : 3BOM1S 43WS00 535851 EF 050 120001250 13601500 B0 70D 17501 B850
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Appendix J

HYSYS simulation properties table

Pressure Temperature Mass Flow Std Ideal Liq Vol Flow Molar Enthalpy

Stream Name
[bar] [€] [kg/s] [m3/s] [kJ/kgmole]

GasWell 180 80,0 53,44 0,1480 87 651,18
Water 90 5,0 0,20 0,0002 287 784,79
Stream 5 77 69,7 1,67 0,0044 92 390,93
Stream 6 77 69,7 0,19 0,0002 282 681,19
Stream 7 9 42,1 2,48 0,0058 99 946,80
Stable Condensate 1 20,0 6,77 0,0099 232 114,77
Stream 10 1 20,0 1,04 0,0020 118 377,96
Stream 12 1 20,0 7,81 0,0118 203 471,99
Stream 8 9 42,1 7,81 0,0118 203 471,99
Stream 4 77 69,7 9,88 0,0169 153 381,33
Sat gas 180 80,0 53,64 0,1482 88 351,56
Stream 15 77 0,7 11,75 0,0215 151 461,65
Stream 16 77 69,7 11,75 0,0215 141 596,20
Stream 17 9 112,4 1,04 0,0020 110 844,63
Stream 18 9 25,0 1,04 0,0020 130 709,51
CompStream?2 77 163,5 3,11 0,0071 94 157,93
Stream 3 9 24,4 3,11 0,0071 101 540,45
Stream 20 77 30,0 3,11 0,0071 110 176,36
Stream 11 77 39,0 2,70 0,0070 95 662,32
Stream 14 77 0,7 43,97 0,1312 86 743,99
Stream 22 77 2,6 46,68 0,1382 87 139,59
Stream 23 77 25,0 46,67 0,1382 85 818,07
Stream 1 77 2,6 46,67 0,1382 87 133,40
Stream 2 77 2,6 0,00 0,0000 288 077,82
Stream 19 9 24,4 0,41 0,0007 171 507,94
Stream 21 77 2,6 0,00 0,0000 288 079,43
Stream 24 77 0,7 11,75 0,0215 151 461,65
Stream 25 77 39,0 2,08 0,0045 115 740,19
Stream 26 77 39,0 2,08 0,0045 115 694,36
Stream 27 77 2,6 0,00 0,0000 288 079,43
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Pressure Temperature Mass Flow Std Ideal Liq Vol Flow Molar Enthalpy
Stream Name
[bar] [C] [kg/s] [m3/s] [kJ/kgmole]
Stream 28 9 24,4 0,41 0,0007 171 542,55
Stream 31 90 5,0 53,64 0,1482 92 358,73
Stream 30 77 |- 0,0 53,64 0,1482 92 358,73
Stream 13 9 44,0 9,88 0,0169 153 381,33
Stream 29 77 25,1 46,67 0,1382 85 789,60
Stream 32 77 25,1 0,01 0,0000 286 203,70
Stream 33 120 63,3 46,67 0,1382 84 503,10
Stream 34 120 30,0 46,67 0,1382 86 507,99
Stream 35 200 71,4 46,67 0,1382 85019,91
Stream 36 200 50,0 46,67 0,1382 86 378,12
Stream9 120 30,0 46,67 0,1382 86 507,99
Stream 37 120 30,0 - 0,0000 86 508,04
Stream 38 77 12,5 - 0,0000 86 508,04
Stream 39 77 12,5 - 0,0000 86 530,17
Stream 40 77 25,1 46,67 0,1382 85 789,60
Stream 41 77 25,1 - 0,0000 85 789,68
Stream 42 77 25,1 - 0,0000 85 789,68
Stream 43 77 0,7 55,72 0,1527 92 897,07
Stream 44 77 69,7 11,75 0,0215 141 596,20
Stream 45 9 42,1 10,30 0,0176 154 182,58
Stream 46 9 24,4 3,52 0,0078 106 621,69
Stream 47 77 39,0 4,78 0,0115 102 706,41
Stream 48 1 5,0 6,59 0,0066 287 956,80
Stream 49 1 20,0 6,59 0,0066 286 755,70
Stream 50 1 5,0 22,71 0,0228 287 956,80
Stream 51 1 20,0 22,71 0,0228 286 755,70
Stream 52 1 5,0 71,63 0,0718 287 956,80
Stream 53 1 20,0 71,63 0,0718 286 755,70
Stream 54 1 5,0 48,52 0,0486 287 956,80
Stream 55 1 20,0 48,52 0,0486 286 755,70
Separator
1stst. 3-phase | 3rd Stage 2ndst. LP Comp | 2nd Stage | Intermediate | Dehydration | 2nd st HP Comp Lstst. HP
Inlet Separator; Comp
Separator Separator Scrubber Separator Separator Scrubber Scrubber
Property Scrubber
Vessel Temperature [C] 69,7 20,0 0,7 24,4 42,1 39,0 2,6 30,0 25,1
Vessel Pressure [bar] 77,0 1,0 77,0 8,8 8,38 77,0 77,0 120,0 77,0
Vessel Pressure Drop [bar] - - - - - - - - -
Vapour Outlet Pressure Drop [bar] - - - - - - -
Tank Volume [m3] 24794 52 26,7 2,1 7,8 33 328
Liquid Volume [m3] 1239,7 2,6 133 1,1 39 17 16,4
Liquid Volume Percent [%] 50,0 50,0 50,0 50,0 50,0 50,0 50,0 50,0 50,0
Vessel Diameter [m] 03 1,1 2,1 0,9 1.2 09 2,3
Vessel Length or Height [m] 32767,0 59 7,5 3.2 6,7 50 8,0
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Heat Exchanger

1st st. Compressor 2nd st. Compressor 2nd St. HP
Property Discharge Cooler Discharge Cooler Comp Cooler |Export Cooler
Duty [kcal/h] 378061,11 1302966,14 4109086,66 2783637,28
UA [kJ/C-h] 33427,14 88501,71 562085,44 247861,02
Control UA [kJ/C-h] 33427,14 88501,71 562085,44 247861,02
Tube Side Pressure Drop [bar] 0,00 0,00 0,00 0,00
Shell Side Pressure Drop [bar] 0,00 0,00 0,00 0,00
Tube Side Delta T [C] -87,38 -133,48 -33,26 -21,39
Shell Side Delta T [C] 15,00 15,00 15,00 15,00
Uncorrected LMTD [C] 47,32 67,85 33,30 48,12
LMTD [C] 47,32 61,60 30,59 46,99
Ft Factor 1,00 0,91 0,92 0,98
Tube Side Zones 1,00 1,00 1,00 1,00
Shell Side Zones 1,00 1,00 1,00 1,00
Tube Side Volume [m3] 0,10 0,10 0,10 0,10
Shell Side Volume [m3] 0,10 0,10 0,10 0,10
Heat Trans. Area [m2] 60,32 60,32 60,32
Minimum Flow Scale Factor 0,00 0,00 0,00 0,00
Overall U [kl/h-m2-C] 1467,24 9318,61 4109,20

Compressor

Property 1st st. LP Compressor |2nd st. LP compressor|1st st. HP Compressor [2nd st. HP compressor|
Compressor Speed [rpm]
Power [kW] 166,63 697,92 3 064,45 3 544,60
Capacity (act feed vol flow) [ACT_m3/s] 0,52 0,25 0,63 0,39
Adiabatic Efficiency 75,00 75,00 75,00 75,00
Polytropic Efficiency 77,55 78,65 76,18 76,21
Compressor Volume [m3] - - - -
Delta T [C] 92,38 139,05 38,15 41,39
Delta P [bar] 7,79 68,20 43,00 80,00
Polytropic Head [m] 12 670,15 17 996,48 5101,13 5902,46
Adiabatic Head [m] 12 253,34 17 161,10 5021,98 5 808,84
Dynamic Head [m] 12 670,15 17 996,48 5101,13 5902,46
Polytropic Fluid Head [kJ/kg] 124,25 176,49 50,03 57,88
Adiabatic Fluid Head [kJ/kg] 120,16 168,29 49,25 56,97
Dynamic Fluid Head [kJ/kg] 124,25 176,49 50,03 57,88
Polytropic Head Factor 1,01 1,00 1,00 1,00
Polytropic Exponent 1,11 1,16 1,63 2,01
Isentropic Exponent 1,08 1,11 1,47 1,79
Fluid Power [kW] 166,63 697,92 3 064,45 3 544,60
Duty [kcal/h] 143 371,61 600 506,28 2 636 722,86 3049 854,18
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Appendix K Automation

Appendix K.1  Scenario table with input and output parameters in MS excel

Scenario Cazel Case? Cazed Cased Caze5 Caseb Caze ! Casef Cazel Caze 1 Case 1l Case 12 Case 13 Case ¥ Case B
Figtive :

gt Gazwall Phase - Molar Flow Dyerall Dyeral kgmalelh BE1126) 88T 26| BEN2B| WEZZE  T7R22 51 622 51 762251 TIR2Z 51 1162251 T7622.51 TTRZZ.51 17622 51 057351 331 26| 5266, 75|
Gai'wel Phiage - Preiiae Dverall Dl bl 180 160 il il 180 Lill 160 il 160 T 180 180 il 160) T80
43 Phase - Pressue. Cuerall Oueral b mn I I Il I 1 I I 17 Nili Il I Il 17 Bl
43 Caleudator Dbject Mass Density Camelation
Propanies. Bom1 Elam kgim3 32.10563413| 875833 87.58325433| B7.563255| 87530446) §7530683333] T2 G3TZZEN M2 BITIZEY T2A3ITZZEY M2 B37228Y| TZE3T2ZEY M2 A3TIEE MZEITIEEY 1R A3TZEEY T2 A3TIIE)
43 Caleadstor Dbject Mass Density Carelation
Froperties Elem3 Elem3 katm3 028.033624] W02TH3) 2732003 WOTEIR) 027837 027833331 MR T0233 999702233 393G T00233) WAT022II| A T00233) HRA 2233 A T0E2II| 99 02233 98 T0223Y
43 Caleadator Molwoular Waighe Molecular Weight 2209665502) 22 W3 22 WIEEME| 22 MI36| 22 MOB24| 22 MOSUR3| 35.1324835| 36.TM24536| 3513424836) 3613420635) 36 1MAE36) 3613424835 36 BA24536| 3513424836) 36142483
43 Caleadator, Sed Gas Flow, Std Gas Flow STO_m3th 213353.0808] 1284730| VA4TE3. 354 1284730| B4233054) 38543.425T| ETIVIBIEAS| A873118%645| BVI1EW4S| ETILIEIEAS| ATI1WM4S| ETIVIEIEAS| 8731545 ABTI1IBIEIS| ETILIEIRAS
43 Caleudator At Lig Flow At Lig Flow mils 0 0Z000GES| O 12456) 0 R4577I2| 01245773) DO0B22755| 0.0G735E376] O 0M07T46625| 000746623] O0H07T46625) 0.0WT4E6Z3| D0WT4E623) OOOT4EERS) 0.0W746629) 0ONT46AZS] OOHTLRRES
44 Phage - Pressue Overal Dveral b ki il i T il m i mn 7 gl ki il i 7 Ll
44 Caloudator Dbject Mass Density. Carelation
Propenties. Eem ] Elem kgim3 Bd.01327022| 8063dd| 8063438375| BOE34334| A0633053) 6063405605 364 2401322 364 2401322| 364 2d01322) 364.2d01322| 364 2401322 3642401322 364 2401322) 354 2401322] 3642401322
44, Caleadsior Dbject Mass Densivy Comrelation
Preperties. Ehemd Elem2 kgind GZ34635129| S23TAT) SZATETHAZ| 523 TATE| S237O05T) D23 TEIGA| 966.0W3ETT| 965 0M3ATT| S6G.0W3ETT) SEE.0MMMTT) 6.0MIGTT 956 0M3ETT) 966 0M3GIT) 660M3ETT) 9660143
44, Caleulatar Object Mass Diensity, Comelation
| Progenies. Elem3 Elem3 3771334383 Si‘Ed-Tﬂl 376, 4TA3482) 976 47A35]) 376 45735| 376 375402
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Appendix K.2 ~ Macro recording for scenario study sensitivity analysis

ﬁ Microsoft Visual Basic for Applications - Separator - Equipment Calculationsr27.xlsb.xlsm - [Modulel (Code)]
% Eile Edit View Insert Fgrmat Debug Run Tools Add-Ins Window Help

EE~d @B pon @ W N FY @ w1,con =

JProject - VBAProject X/ [iGeneran =]
=@ @ - F.ub Movecase ()

# B3 AspensimulationWorkbookXLi ~ : .

5 sover o) e
I vBAProject (Job Apps.xisx) L

= Bk vBAProject (Separator - Equij
vt Module1 .
¥ PtopPbottom

W ResPressure

J‘{ SElevationFactor

HH) Sheet1 (2-Phase Vert - Inlet ¢
EH Sheet10 (Case Scenario info)
EH) Sheet11 (2-Phase Horizontal «
EH) Sheet12 (3-Phase Vertical AP
) Sheet13 (3-Phase Hoz APF2n
FH Sheet14 (3-Phase Hoz APE3rc
EH Sheet15 (ASWXL.Storage)

EH) Sheet16 (Case Data)

B Sheet17 (OUTPUT- Single Cat
FH) Sheet18 (GPSA Tbg Characte: v

Range ("D&:D27") .Select

Selection.Copy

Sheets ("OUTPUT - Cases Rnalysis™) .Select

Range ("A5") .Select

Selection.End (x1ToRight) .Select
Selection.End(x1ToRight) .Select
ActiwveCell.Offset (0, 1).Range("Al"™).Select
Selection.PasteSpecial Paste:=xlPasteValues, Operation:=xlNone, SkipBlanks _
alse, Transpose:=False
ActiveWindow.SmallScroll Down:=18
ActiwveCell.0ffset (22, 0).Range("Al").Select
Sheets ("OUTPUT - Single Case Graph Data").Select
Range ("E6:E27") .Select

< > Application.CutCopyMode = False
Properties - Module1 E Selection.Copy )
Sheets ("OUTPUT - Cases Analysis"™).Select
| Module1 Module =l Selection.PasteSpecial Paste:=xlPasteValues, Operation:=xlNone, SkipBlanks _
Alphabetic | Categorized | :=False, Transpose:=False

ActiveWindow.SmallScroll Down:=18

ActiwveCell.0ffset (22, 0).Range("Al").Select

Sheets ("OUTPUT - Single Case Graph Data").Select

Range ("F6:F27") .Select

Application.cutCopyMode = False

Selection.Copy

Sheets ("OUTPUT - Cases Analysis™).Select

Selection.PasteSpecial Paste:=xlPasteValues, Operation:=xlNone, SkipBlanks _
:=False, Transpose:=False

ActiveWindow.SmallScroll Down:=15

ActiveCell.offset (22, 0).Range("Al").3elect

Sheets ("OUTPUT - Single Case Graph Data").3elect

Range ("G6:G27") .Select

Application.CutCopyMode = False

Selection.Copy

Sheets ("OUTPUT - Cases Analysis").Select

ActiveWindow.SmallScroll Down:=9

Selection.PasteSpecial Paste:=xlPasteValues, Operation:=xlNone, SkipBlanks _
:=False, Transpose:=False

ActiveWindow.SmallScroll Down:=12

ActiveCell.offset (22, 0).Range("Al").3elect

Sheets ("OUTPUT - Single Case Graph Data").Select

Range ("HE") .Select

End Sub

(Name) Modulel

Appendix K.3  VBA code for automatic interpolation of production potential

Functicon tabinterpel(x, col, Matrix As Range)
f on to perform linear interpolation in tables for properties VAR1, VAR2,

"-x value for which the property BOP is required
"-col: column number in which the property is located
"Matrix: table organized in the following manner:

N VARL VARZ VAR3 VAR4
'x1
"x2
"%3

'Reading the dimensions of the matrix
"Number of rows

m = Matrix.Rows.Count

"Number of columns

N = Matrix.Columns.Count

'"Checking is wvalue p is within the Matrix ranges
If x < Matrix(l, 1) Or x > Matrix(m, 1) Then
Err = 1
End If
"If values are not in the matrix range return a message
If Err = 1 Then
tabinterpol = "x NOT IN RANGE"
Else
'Searching through the column
Fori=1Tom-1
If x >= Matrix(i, 1) And x <= Matrix(i + 1, 1) Then
'Interpolating
tabinterpel = Matrix(i, col) + ((Matrix(i + 1, col) - Matrix(i, col)) * (x - Matrix(i, 1)) / (Matrix(i + 1, 1) - Matrix(i, 1)))

Exit For
Else
End If
Next
End If

End Function
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Appendix K.4  Graphical layout of case analysis
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Appendix L Investigative analysis

Appendix L.1 Cashflow analysis (scenario 1)

YEAR
0 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15
Production
Revenue - Gas
($SUS mill) 170.15 170.15 170.15 340.31 340.31 340.31 340.31 340.31 340.31 340.31 340.31 340.31 204.18 170.15 102.09
Production
Revenue -
Condensate
Sales
($SUS mill) 104.03 104.03 104.03 208.07 208.07 208.07 208.07  208.07 208.07  208.07 208.07 208.07 124.80 104.05 62.40
Operating Cost $
(3% of CAPEX) | -14.76 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98
CO; Cost ($$US
mill) -1.96 -1.96 -1.96 -3.91 -3.91 -3.91 -3.91 -3.91 -3.91 -3.91 -3.91 -3.91 -2.35 -1.96 -1.17
Operating
Income 271.24 271.24 271.24 543.48 543.48 543.48 543.48 543.48 543.48 543.48 543.48 543.48 325.65 271.27 162.33
Process
Equipment
Capital Cost 33.96
Equipment
Depreciation Per
year | 5.66

Depreciation -5.66 -5.66 -5.66 -5.66 -5.66 -5.66 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Income before
Tax 265.58 265.58 265.58 537.82 537.82 537.82 543.48  543.48 543.48  543.48 543.48 543.48 32565 271.27 162.33

179



YEAR

10

11

12

13

14

15

Tax

Income after
Tax

-207.15

58.43

-207.15

58.43

-207.15

58.43

-419.50

118.32

-419.50

118.32

-419.50  -423.91

118.32 119.57

-423.91

119.57

-423.91

119.57

-423.91

119.57

-423.91

119.57

-423.91

119.57

-254.01

71.64

-211.59

59.68

-126.62

35.71

Income after
Tax

Depreciation

Change in
Working
Capital

Investment

Cash Flow

PV Cash Flow

Sum of Present
Value

Net Present
Value

Cumulative PV
of Cash flow

58.43

5.66

-492.14

58.43

5.66

58.43

5.66

118.32

5.66

118.32

5.66

118.32 119.57

119.57

119.57

119.57

119.57

119.57

71.64

59.68

35.71

260

-522.14  14.09

39.09

49.09

120.98

118.98

117.98 111.57

109.57

97.57

101.57

100.57

108.57

56.64

36.68

295.71

13.04

762.69

240.56

-522.14 -509.09

33.51

-475.58

38.97

-436.61

88.92

-347.69

80.98

-266.72

74.35 65.10

-192.37  -127.27

59.19

-68.08

48.81

-19.27

47.04

27.78

43.13

70.91

43.11

114.02

20.83

134.85

12.49

147.33

93.22

240.56
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Appendix L.2 Cashflow analysis (scenario 2)

YEAR
0 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15
Production
Revenue - Gas
($SUS mill) 68.06 136.12 510.46 510.46 510.46 510.46 510.46  408.37 34031  102.09 102.09 102.09 102.09 102.09 34.03
Production
Revenue -
Condensate
Sales
($SUS mill) 41.63 83.22 311.99 311.99 311.99 311.99 31199 249.61 207.99 62.40 62.40 62.40 62.40 62.40 20.80
Operating Cost $
(3% of CAPEX) -23.08 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54
CO, Cost ($$US
mill) -0.78 -1.56 -5.87 -5.87 -5.87 -5.87 -5.87 -4.69 -3.91 -1.17 -1.17 -1.17 -1.17 -1.17 -0.39
Operating
Income 107.37 216.24 815.05 815.05 815.05 815.05 815.05 651.74 542.85 161.78 161.78 161.78 161.78 161.78 52.91
Process
Equipment
Capital Cost 53.08
Equipment
Depreciation
Per year 8.85

Depreciation -8.85 -8.85 -8.85 -8.85 -8.85 -8.85 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Income before
Tax 98.52 207.39 806.20 806.20 806.20 806.20 815.05 651.74 54285 161.78 161.78 161.78 161.78 161.78 52.91

YEAR
0 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15
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YEAR

10

11

12

13

14

15

Tax

Income after
Tax

-76.85

21.67

-161.77

45.63

-628.84

177.36

-628.84

177.36

-628.84

177.36

-628.84

177.36

-635.74

179.31

508.36

143.38

-423.42

119.43

126.19

35.59

-126.19

35.59

-126.19

35.59

126.19

35.59

126.19

35.59

-41.27

11.64

Income after
Tax

Depreciation

Change in
Working
Capital

Investment

Cash Flow

PV Cash Flow

Sum of Present
Value

Net Present
Value

Cumulative PV
of Cash flow

-769.26

21.67

8.85

45.63

8.85

177.36

8.85

177.36

8.85

177.36

8.85

177.36

8.85

179.31

143.38

119.43

35.59

35.59

35.59

35.59

35.59

11.64

260

-799.26

19.48

29.47

171.21

183.21

181.21

180.21

171.31

133.38

97.43

17.59

16.59

24.59

20.59

12.59

271.64

857.98

58.72

-799.26

18.04

-817.30

25.27

-792.03

135.91

-656.11

134.67

-521.45

123.33

-398.12

113.56

-284.56

99.96

-184.60

72.06

112.53

48.74

-63.80

8.15

-55.65

7.12

-48.53

9.77

-38.77

7.57

-31.20

4.29

-26.91

85.63

58.72
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Appendix L.3

Cashflow analysis (scenario 3)

YEAR
1 2 3 4 5 6 7 8 9 10 11 12 13 14 15

Production Revenue - Gas
($3US mill) 170.15 1020.92 1020.92 1020.92 510.46 306.28 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Production Revenue -
Condensate Sales
($SUS mill) 104.03 624.28 62428  624.28 312.04 187.19 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Operating Cost (3% of CAPEX) -51.10 -3.41 -3.41 -3.41 -3.41 -3.41 -3.41 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CO, Cost ($$US mill) -1.96 -11.73 -11.73 -11.73 -5.87 -3.52 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Operating Income 268.82 1630.07 1630.07 1630.07 813.23 486.54 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Process Equipment Capital Cost 117.54
Equipment Depreciation Per year 19.59

Depreciation -19.59 -19.59 -19.59 -1959 -1959 -19.59 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Income before Tax 249.23 161048 1610.48 1610.48 793.64 466.95 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
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YEAR

2

3

4

10

11

12

13

14

15

Tax

Income after
Tax

-194.40

54.83

-1256.17

354.30

-1256.17

354.30

-1256.17

354.30

-619.04

174.60

-364.22 0.00

102.73 0.00

0.00

0.00

0.00

0.00

0.00

0.00

0.00

0.00

0.00

0.00

0.00

0.00

0.00

0.00

0.00

0.00

Income after
Tax

Depreciation

Change in
Working
Capital

Investment

Cash Flow

PV Cash Flow

Sum of
Present Value
Net Present
Value

Cumulative
PV of Cash
flow

-30

1703.41

54.83

19.59

-50

354.30

19.59

=25

354.30

19.59

=il

354.30

19.59

174.60

19.59

102.73 >

19.59 >

=10

=272

-18

ilg)

=AU

=1l

260

1733.41

24.42

348.89

358.89

370.89

189.19

116.32 8.00

10.00

22.00

18.00

19.00

11.00

15.00

23.00

260.00

1,108.0

-625.41

1733.41

22.61

-1710.80

299.12

-1411.68

284.90

-1126.78

272.62

-854.16

128.76

-725.40

73.30 4.67

-652.10  -656.77

5.40

-662.17

11.01

-673.18

8.34

-681.51

8.15

-689.66

4.37

-694.03

5.52

-699.55

7.83

-707.38

81.96

-625.41
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Appendix L.4

Cashflow analysis (5.95 MMsm3/d)

YEAR
0 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15 16 17 18 19 20

Production
Revenue -
Gas 2024 2024 202.4 2024 2024 202 202. 2024 2024 @ 202. 202. 202. 2024 2023 198.0 191. 179.
($3US mill) 202.48 8 8 202.48 8 8 8 48  202.48 48 8 8 48 48 48 8 4 9 38 41
Production
Revenue -
Condensat
e Sales 123.7 1237 123.7 123.7 1237 123. 123. 1237 1237 123. 123. 123. 1236 1211 117.0  109. 100.
($3US mill) 123.74 4 4 123.74 4 4 4 74 12374 74 4 4 74 74 74 6 1 4 65 08
Operating
Cost (3% $
of CAPEX) | -8.53 -0.41 -0.41 -0.41 -0.41 -0.41 -0.41 -0.41  -041 -041 -041 -041 -041 -041 -041 -041 -041 -041 -041 -041 -041
CO, Cost
($3US mill) -056  -056  -0.56 -0.56 -0.56 -0.56 -0.56  -0.56 -0.56 -0.56 -056 -056 -0.56 -056 -0.56 -0.56 -054 -053 -049 -045
Operating 3252 3252 325.2 3252 3252  325. 325. 3252 3252 325. 325. 325. 3251 3225 3142  300. 278.
Income 325.26 6 6 325.26 6 6 6 26  325.26 26 6 6 26 26 26 8 0 0 13 64
Process
Equipment
Capital
Cost 19.61
Equipment
Depreciatio
n Peryear | 3.27
Depreciatio

n -3.27 -3.27 -3.27 -3.27 -3.27 -3.27 0.00 0.00 0.00 0.00 0.00 0.00 0.00 000 0.00 0.00 0.00 0.00 0.00 0.00
Income 3220 3220 322.0 322.0 3252  325. 325. 3252 3252 325. 325. 325. 3251 3225 3142  300. 278.
before Tax 322.00 0 0 322.00 0 0 6 26 325.26 26 6 6 26 26 26 8 0 0 13 64
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YEAR

11

12

13

14

15

16

17

18

19

20

Tax

Income
after Tax

Income
after Tax

Depreciati
on

Change in
Working
Capital

Investment

Cash Flow

PV Cash
Flow

Sum of
Present
Value

Net
Present
Value
Cumulative
PV of Cash
flow

-251.16

70.84

70.84

3.27

251.1

70.84

70.84

3.27

251.1

70.84

70.84

3.27

-251.16

70.84

70.84

3.27

251.1

70.84

70.84

3.27

251.1

70.84

70.84

3.27

253.7

71.56

71.56

7
6

253.
71

715

15

- 253
253.71 71

71.5
71.56 6

715
71.56 6

253.7

71.56

71.56

253.7

71.56

71.56

253.
71

715

715

253.
71

715

715

253.
71

715

715

253.6

71.54

71.54

251.5

70.95

70.95

245.0

69.12

69.12

234.
10

66.0

66.0
3

217.
34

61.3

61.3

24.11

49.11

59.11

71.11

69.11

68.11

63.56

6
6

1.5

535
49.56 6

52.56

60.56

56.5

48.5

66.5

66.54

65.95

64.12

61.0
3

56.3

621.4
307.2

314.1

22.32

-291.86

42.10

249.7
6

46.92

202.8
4

52.27

-150.57

47.03

103.5

42.92

-60.62

37.09

-23.53

3
6

3.2

9.72

24.8
24.79 1

59.3
34.52 2

22.54

81.86

24.05

105.9
1

20.8

126.
71

16.5

143.
24

20.9

164.
22

19.42

183.6
5

17.82

201.4
7

16.05

217.5
2

14.1
4

231.
66

12.0

243.
74
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Appendix L.5

Cashflow analysis (suggested case- 8SMMsm?/d)

YEAR

10

11

12

13

14

15

Production
Revenue - Gas
($SUS mill)

Production
Revenue -
Condensate
Sales
($SUS mill)

Operating Cost
(3% of
CAPEX)

CO, Cost
($SUS mill)

Operating
Income

Process
Equipment
Capital Cost
Equipment
Depreciation
Per year

Depreciation

Income before
Tax

Tax

-11.61

26.70

4.45

272.25

166.45

-0.77

-0.75

437.18

-4.45

432.73

-337.53

272.25

166.45

-0.77

-0.75

437.18

-4.45

432.73

-337.53

272.25

166.45

-0.77

-0.75

437.18

-4.45

432.73

-337.53

272.25

166.45

-0.77

-0.75

437.18

-4.45

432.73

-337.53

272.25

166.45

-0.77

-0.75

437.18

-4.45

432.73

-337.53

272.25

166.45

-0.77

-0.75

437.18

-4.45

432.73

-337.53

272.25

166.45

-0.77

-0.75

437.18

0.00

437.18

-341.00

272.25

166.45

-0.77
-0.75

437.18

0.00
437.18

341.00

272.25

166.45

-0.77

-0.75

437.18

0.00

437.18

-341.00

272.25

166.45

-0.77
-0.75

437.18

0.00
437.18

341.00

272.25

166.45

-0.77

-0.75

437.18

0.00

437.18

-341.00

272.25

166.45

-0.77

-0.75

437.18

0.00

437.18

-341.00

272.25

166.45

-0.77
-0.75

437.18

0.00
437.18

341.00

272.25

166.45

-0.77
-0.75

437.18

0.00
437.18

341.00

238.22

147.19

-0.77
-0.66

383.97

0.00
383.97

299.50

187




YEAR

10

11

12

13

14

15

Income after
Tax

95.20

95.20

95.20

95.20

95.20

95.20

96.18

96.18

96.18

96.18

96.18

96.18

96.18

96.18

84.47

Income after
Tax

Depreciation

Change in
Working
Capital

Investment

Cash Flow

PV Cash Flow

Sum of Present
Value

Net Present
Value

Cumulative PV
of Cash flow

-386.91

95.20

4.45

95.20

4.45

95.20

4.45

95.20

4.45

95.20

4.45

95.20

4.45

96.18

96.18

96.18

96.18

96.18

96.18

96.18

96.18

84.47

260

-416.91

49.65

74.65

84.65

96.65

94.65

93.65

88.18

86.18

74.18

78.18

77.18

85.18

81.18

73.18

344.47

773.25

356.34

-416.91

45.97

-370.94

64.00

-306.94

67.20

-239.75

71.04

-168.71

64.42

-104.29

59.02

-45.27

51.45

6.18

46.56

52.74

37.11

89.85

36.21

126.06

33.10

159.16

33.83

192.98

29.85

222.83

24.91

247.75

108.59

356.34
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Appendix L.6

Cashflow analysis (10 MMsm?/d)

YEAR

10

11

12

13

14

15

Production
Revenue - Gas
($SUS mill)

Production
Revenue -
Condensate
Sales
($SUS mill)

Operating Cost
(3% of
CAPEX)

CO, Cost
($SUS mill)

Operating
Income

Process
Equipment
Capital Cost
Equipment
Depreciation
Per year

Depreciation

Income before
Tax

Tax

-14.76

33.95

5.66

340.31

204.83

-0.98

-0.93

543.22

-5.66

537.56

-419.30

340.31

204.83

-0.98

-0.93

543.22

-5.66

537.56

-419.30

340.31

204.83

-0.98

-0.93

543.22

-5.66

537.56

-419.30

340.31

204.83

-0.98

-0.93

543.22

-5.66

537.56

-419.30

340.31

204.83

-0.98

-0.93

543.22

-5.66

537.56

-419.30

340.31

204.83

-0.98

-0.93

543.22

-5.66

537.56

-419.30

340.31

204.83

-0.98

-0.93

543.22

0.00

543.22

-423.71

340.31

204.83

-0.98
-0.93

543.22

0.00
543.22

423.71

340.31

204.83

-0.98

-0.93

543.22

0.00

543.22

-423.71

340.31

204.83

-0.98
-0.93

543.22

0.00
543.22

423.71

304.50

183.44

-0.98

-0.84

486.12

0.00

486.12

-379.17

241.06

145.19

-0.98

-0.66

384.60

0.00

384.60

-299.99

240.69

144.99

-0.98
-0.66

384.03

0.00
384.03

299.54

0.00

0.00

-0.98

0.00

-0.98

0.00

-0.98

0.77

0.00

0.00

-0.98

0.00

-0.98

0.00

-0.98

0.77
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YEAR

10

11

12

13

14

15

Income after
Tax

118.26

118.26

118.26

118.26

118.26

118.26

119.51

119.51

119.51

119.51

106.95

84.61

84.49

-0.22

-0.22

Income after
Tax

Depreciation

Change in
Working
Capital

Investment

Cash Flow

PV Cash Flow

Sum of Present
Value

Net Present
Value

Cumulative PV
of Cash flow

-492.09

118.26

5.66

118.26

5.66

118.26

5.66

118.26

5.66

118.26

5.66

118.26

5.66

119.51

119.51

119.51

119.51

106.95

84.61

84.49

0.22

0.22

260

-522.09

73.92

98.92

108.92

120.92

118.92

117.92

111.51

109.51

97.51

101.51

87.95

73.61

69.49

23.22

259.78

870.36

348.27

-522.09

68.45

-453.64

84.81

-368.83

86.47

-282.37

88.88

-193.49

80.94

-112.55

74.31

-38.24

65.06

26.82

59.16

85.99

48.78

134.76

47.02

181.78

37.72

219.50

29.23

248.73

25.55

274.28

7.90

266.38

81.89

348.27
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Appendix L.7

Cashflow analysis (12 MMsm?/d)

YEAR

10

11

12

13

14

15

Production
Revenue - Gas
($SUS mill)

Production
Revenue -
Condensate
Sales
($SUS mill)

Operating Cost
(3% of
CAPEX)

CO, Cost
($SUS mill)

Operating
Income

Process
Equipment
Capital Cost
Equipment
Depreciation
Per year

Depreciation

Income before
Tax

Tax

-18.00

41.40

6.90

408.37

249.67

-1.20

-1.12

655.72

-6.90

648.82

-506.08

408.37

249.67

-1.20

-1.12

655.72

-6.90

648.82

-506.08

408.37

249.67

-1.20

-1.12

655.72

-6.90

648.82

-506.08

408.37

249.67

-1.20

-1.12

655.72

-6.90

648.82

-506.08

408.37

249.67

-1.20

-1.12

655.72

-6.90

648.82

-506.08

408.37

249.67

-1.20

-1.12

655.72

-6.90

648.82

-506.08

408.37

249.67

-1.20

-1.12

655.72

0.00

655.72

-511.46

408.37

247.01

-1.20
-1.11

653.07

0.00
653.07

509.40

403.75

195.39

-1.20

-0.88

597.06

0.00

597.06

-465.71

319.64

154.75

-1.20
-0.70

472.49

0.00
472.49

368.55

59.32

147.23

-1.20

-0.66

204.68

0.00

204.68

-159.65

0.00

0.00

-1.20

0.00

-1.20

0.00

-1.20

0.94

0.00

0.00

-1.20

0.00

-1.20

0.00

-1.20

0.94

0.00

0.00

-1.20

0.00

-1.20

0.00

-1.20

0.94

0.00

0.00

-1.20

0.00

-1.20

0.00

-1.20

0.94
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YEAR

10

11

12

13

14

15

Income after
Tax

142.74

142.74

142.74

142.74

142.74

142.74

144.26

143.68

131.35

103.95

45.03

-0.26

-0.26

-0.26

-0.26

Income after
Tax

Depreciation

Change in
Working
Capital

Investment

Cash Flow

PV Cash Flow

Sum of Present
Value

Net Present
Value

Cumulative PV
of Cash flow

-600.06

142.74

6.90

142.74

6.90

142.74

6.90

142.74

6.90

142.74

6.90

142.74

6.90

144.26

143.68

131.35

103.95

45.03

0.26

=AliL

0.26

0.26

0.26

260

-630.06

99.64

124.64

134.64

146.64

144.64

143.64

136.26

133.68

109.35

85.95

26.03

11.26

15.26

23.26

259.74

924.03

293.96

-630.06

92.26

-537.80

106.86

-430.94

106.88

-324.06

107.79

-216.27

98.44

-117.83

90.52

-27.32

79.51

52.19

72.22

124.41

54.70

179.11

39.81

218.93

11.16

230.09

4.47

225.62

5.61

220.00

7.92

212.08

81.88

293.96
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Appendix L.8 Cashflow analysis (15 MMsm?/d)

YEAR
0 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15
Production
Revenue - Gas
(SSUS mill) 510.46 510.46 510.46 510.46 510.46 510.46 446.29  353.31 187.29 0.00 0.00 0.00 0.00 0.00 0.00
Production
Revenue -
Condensate
Sales
(SSUS mill) 312.10 312.10 312.10 312.10 312.10 272.84 215.99 170.98 147.10 0.00 0.00 0.00 0.00 0.00 0.00
Operating Cost S
(3% of CAPEX) -23.09 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54
CO; Cost ($SUS
mill) -1.40 -1.40 -1.40 -1.40 -1.40 -1.23 -0.97 -0.77 -0.66 0.00 0.00 0.00 0.00 0.00 0.00
Operating
Income 819.62 819.62 819.62 819.62 819.62 780.54 659.77  521.98 332.19 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54
Process
Equipment
Capital Cost 53.11
Equipment
Depreciation Per
year | 8.85

Depreciation -8.85 -8.85 -8.85 -8.85 -8.85 -8.85 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Income before
Tax 810.77 810.77 810.77 810.77 810.77 771.69 659.77  521.98 332.19 -1.54 -1.54 -1.54 -1.54 -1.54 -1.54
Tax -632.40 -632.40 -632.40 -632.40 -632.40 -601.92 -514.62  407.15 -259.11 1.20 1.20 1.20 1.20 1.20 1.20
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YEAR

10

11

12

13

14

15

Income after Tax

178.37

178.37

178.37

178.37

178.37

169.77

145.15

114.84

73.08

-0.34

-0.34

-0.34

-0.34

-0.34

-0.34

Income after Tax

Depreciation

Change in
Working Capital

Investment

Cash Flow

PV Cash Flow

Sum of Present
Value

Net Present
Value

Cumulative PV of
Cash flow

-769.76

178.37

8.85

178.37

8.85

178.37

8.85

-15

178.37

8.85

-3

178.37

8.85

-5

169.77

8.85

-6

145.15

-8

114.84

-10

73.08

0.34

-18

0.34

-19

0.34

-11

0.34

-15

0.34

0.34

260

-799.76

137.22

162.22

172.22

184.22

182.22

172.62

137.15

104.84

51.08

18.34

19.34

11.34

15.34

23.34

259.66

980.26

180.50

-799.76

127.06

-672.70

139.08

-533.62

136.72

-396.90

135.41

-261.49

124.02

-137.48

108.78

-28.70

80.03

51.33

56.64

107.97

25.55

133.52

8.49

125.03

8.29

116.74

4.50

112.23

5.64

106.59

7.95

98.65

81.86

180.50
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Appendix L.9

Cashflow analysis (20 MMsm?/d)

YEAR

10

11

12

13

14

15

Production
Revenue - Gas
($SUS mill)

Production
Revenue -
Condensate
Sales
($SUS mill)

Operating Cost
(3% of
CAPEX)

CO, Cost
($SUS mill)

Operating
Income

Process
Equipment
Capital Cost
Equipment
Depreciation
Per year

Depreciation

Income before
Tax

Tax

-31.94

73.46

12.24

680.62

416.07

-2.13

-1.87

1092.69

-12.24

1080.45

-842.75

680.62

416.07

-2.13

-1.87

1092.69

-12.24

1080.45

-842.75

680.62

402.83

-2.13

-1.81

1079.51

-12.24

1067.27

-832.47

658.98

318.89

-2.13

-1.43

974.31

-12.24

962.06

-750.41

521.69

252.46

-2.13

-1.13

770.89

-12.24

758.65

-591.75

-466.20

413.01 326.97

199.96 158.32

-2.13 -2.13

-0.90 -0.71

609.94 482.44

-12.24 0.00
597.70 482.44

-376.31

87.17

147.15

-2.13
-0.66

231.52

0.00
231.52

180.59

0.00

0.00

-2.13

0.00

-2.13

0.00

-2.13

1.66

0.00

0.00

-2.13

0.00

-2.13

0.00

-2.13

1.66

0.00

0.00

=72, 113}

0.00

-2.13

0.00

-2.13

1.66

0.00

0.00

-2.13

0.00

-2.13

0.00

-2.13

1.66

0.00

0.00

-2.13

0.00

-2.13

0.00

-2.13

1.66

0.00

0.00

-2.13

0.00

-2.13

0.00

-2.13

1.66

0.00

0.00

-2.13

0.00

-2.13

0.00

-2.13

1.66
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YEAR

10

11

12

13

14

15

Income after
Tax

237.70

237.70

234.80

211.65

166.90

131.49 106.14

50.94

-0.47

-0.47

-0.47

-0.47

-0.47

-0.47

-0.47

Income after
Tax

Depreciation

Change in
Working
Capital

Investment

Cash Flow

PV Cash Flow

Sum of Present
Value

Net Present
Value

Cumulative PV
of Cash flow

-30

1064.70

237.70

12.24

237.70

12.24

234.80

12.24

211.65

12.24

166.90

12.24

131.49 106.14

12.24 =

50.94

0.47

0.47

0.47

0.47

=AliL

0.47

0.47

0.47

260

1094.70

199.94

224.94

232.04

220.90

174.15

137.74 98.14

40.94

22.47

18.47

19.47

11.47

15.47

23.47

259.53

1,044.6

-50.01

1094.70

185.13

-909.56

192.85

-716.71

184.20

-532.51

162.37

-370.14

118.52

-251.62

86.80 57.26

-164.82 -107.56

22.12

-85.44

11.24

-96.68

8.55

-105.24

8.35

-113.59

4.55

-118.14

5.69

-123.83

7.99

-131.82

81.82

-50.01
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Appendix M Scenario 1 - SRK and PR comparison
Appendix M.1  Equipment design

Soave-Redlich-Kwong

Year/Case 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15

Total Footprint (m?) 224.8 2248 | 2248 | 396.5 396.5 396.5 396.5 396.5 396.5 396.5 396.5 396.5 260.0 | 224.9 | 150.5
Total Weight (tons) 307.9 3079 | 3079 | 6352 635.2 635.2 635.2 635.2 635.2 635.2 635.2 635.2 369.9 | 308.1 | 188.7
Total Duty (MW) 9.03 9.03 9.03 18.07 18.07 18.07 18.07 18.07 18.07 18.07 18.07 18.07 10.84 9.03 5.42
Compressor Power (MW) 7.47 7.47 7.47 14.95 14.95 14.95 14.95 14.95 14.95 14.95 14.95 14.95 8.97 7.47 4.48

Daily Compressor Energy (MWh) | 179.4 179.4 | 179.4 | 358.7 358.7 358.7 358.7 358.7 358.7 358.7 358.7 358.7 2152 | 179.4 | 107.6

Pump Power (kW) 2325 2325 | 2325 | 4734 473.4 473.4 473.4 473.4 4734 | 4734 | 4734 473.4 279.5 | 2325 | 1388

Condensate (bbl/d) 5,340 5,340 | 5,340 | 10,680 | 10,680 | 10,680 | 10,680 | 10,680 | 10,680 | 10,680 | 10,680 | 10,680 | 6,406 | 5,341 | 3,203

Peng Robinson

Year/Case 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15

Total FootPrint (m2) 220.9 | 220.9 | 220.9 389.3 389.3 389.3 389.3 389.3 389.3 389.3 389.3 389.3 255.6 | 220.9 | 148.0
Total Weight (kg) 297.7 | 297.7 | 297.7 612.9 612.9 612.9 612.9 612.9 612.9 612.9 612.9 612.9 357.5 | 297.9 | 1828
Total Duty (kW) 8.76 8.76 8.76 17.52 17.52 17.52 17.52 17.52 17.52 17.52 17.52 17.52 10.51 8.76 5.26
Compressor Power (kW) 7.08 7.08 7.08 14.16 14.16 14.16 14.16 14.16 14.16 14.16 14.16 14.16 8.50 7.08 4.25

Daily Compressor Energy (MWh) | 170.0 | 170.0 [ 170.0 339.9 339.9 339.9 339.9 339.9 339.9 339.9 339.9 339.9 204.0 | 170.0 | 102.0

Pump Power (kW) 230.5 | 230.5 | 230.5 | 469.8 469.8 469.8 469.8 469.8 469.8 469.8 469.8 469.8 2774 | 230.5 | 137.8

Condensate (bbl/d) 5,251 | 5251 | 5,251 | 10,502 | 10,502 | 10,502 | 10,502 | 10,502 | 10,502 | 10,502 | 10,502 | 10,502 | 6,303 | 5,254 | 3,151
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Appendix M.2  Carbon footprint

Soave-Redlich-Kwong

Year/Case 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15
Fuel Consumption (kg/s) 0.46 0.46 0.46 0.92 0.92 0.92 0.92 0.92 0.92 0.92 0.92 0.92 0.55 0.46 0.28
Fuel Consumption (sm3/s) 0.55 0.55 0.55 1.11 111 111 111 111 1.11 1.11 1.11 1.11 0.67 0.55 0.33
CO2 emissions cost per year (MM NOK /year) | 15.24 | 15.24 | 15.24 18.29 | 1524 | 9.15
COz intensity (kg CO2 per BOE) 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70 2.70
Peng Robinson

Year/Case 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15
Fuel Consumption (kg/s) 0.44 0.44 0.44 0.87 0.87 0.87 0.87 0.87 0.87 0.87 0.87 0.87 0.52 0.44 0.26
Fuel Consumption (sm3/s) 0.53 0.53 0.53 1.05 1.05 1.05 1.05 1.05 1.05 1.05 1.05 1.05 0.63 0.53 0.32
CO2 emissions cost per year (MM NOK /year) | 1445 | 14.45 | 1445 17.33 | 14.45 8.67
CO2 efficency (kg CO2 per BOE) 2.56 2.56 2.56 2.56 2.56 2.56 2.56 2.56 2.56 2.56 2.56 2.56 2.56 2.56 2.56
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Appendix M.3  Cash flow analysis

Soave-Redlich-Kwong

YEAR
0 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15

Production Revenue - Gas
($SUS mill) 170.15 170.15 170.15 340.31 340.31 340.31 340.31 340.31 340.31 340.31 340.31 340.31 204.18 170.15 102.09
Production Revenue -
Condensate Sales
($SUS mill) 104.03 104.03 104.03 208.07 208.07 208.07 208.07 208.07 208.07 208.07 208.07 208.07 124.80 104.05 62.40
Operating Cost (3% of CAPEX) | $ -14.76 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98 -0.98
CO, Cost ($$US mill) -1.96 -1.96 -1.96 -3.91 -3.91 -3.91 -3.91 -3.91 -3.91 -3.91 -3.91 -3.91 -2.35 -1.96 -1.17
Operating Income 271.24 27124 27124 54348 543.48 543.48 543.48 543.48 543.48 54348 543.48 54348 325.65 271.27 162.33
Process Equipment Capital Cost 33.96
Equipment Depreciation Per year 5.66

Depreciation -5.66 -5.66 -5.66 -5.66 -5.66 -5.66 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Income before Tax 265.58 26558 265,58 537.82 537.82 537.82 543.48 54348 54348 543.48 543.48 54348 325.65 271.27 162.33
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YEAR

10

11

12

13

14

15

Tax

Income after
Tax

-207.15

58.43

-207.15

58.43

-207.15

58.43

-419.50

118.32

-419.50

118.32

-419.50  -423.91

118.32 119.57

-423.91

119.57

-423.91

119.57

-423.91

119.57

-423.91

119.57

-423.91

119.57

-254.01

71.64

-211.59

59.68

-126.62

35.71

Income after
Tax

Depreciation

Change in
Working
Capital

Investment

Cash Flow

PV Cash Flow

Sum of
Present Value
Net Present
Value

Cumulative PV
of Cash flow

58.43

5.66

-492.14

58.43

5.66

58.43

5.66

118.32

5.66

118.32

5.66

118.32 119.57

5.66 =

119.57

119.57

119.57

119.57

119.57

71.64

=115

59.68

35.71

260

-522.14  14.09

39.09

49.09

120.98

118.98

117.98 111.57

109.57

97.57

101.57

100.57

108.57

56.64

36.68

295.71

13.04

762.69

240.56

-522.14 -509.09

33.51

-475.58

38.97

-436.61

88.92

-347.69

80.98

-266.72

74.35 65.10

-192.37 -127.27

59.19

-68.08

48.81

-19.27

47.04

27.78

43.13

70.91

43.11

114.02

20.83

134.85

12.49

147.33

93.22

240.56
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Peng Robinson

YEAR

10

11

12

13

14

15

Production
Revenue - Gas
($$US mill)

Production
Revenue -
Condensate
Sales
($SUS mill)

Operating
Cost (3% of
CAPEX)

CO2 Cost
($SUS mill)

Operating
Income

Process
Equipment
Capital Cost
Equipment
Depreciation
Per year

Depreciation

Income before
Tax

-14.25

32.76

5.46

170.15

102.31

-0.95

-1.85

269.66

-5.46

264.20

170.15

102.31

-0.95

-1.85

269.66

-5.46

264.20

170.15

102.31

-0.95

-1.85

269.66

-5.46

264.20

340.31

204.61

-0.95

-3.71

540.26

-5.46

534.80

340.31

204.61

-0.95

-3.71

540.26

-5.46

534.80

340.31

204.61

-0.95

-3.71

540.26

-5.46

534.80

340.31 340.31

204.61 204.61

-0.95 -0.95

-3.71 -3.71

540.26 540.26

0.00 0.00

540.26 540.26

340.31

204.61

-0.95

-3.71

540.26

0.00

540.26

340.31

204.61

-0.95

-3.71

540.26

0.00

540.26

340.31

204.61

-0.95

-3.71

540.26

0.00

540.26

340.31

204.61

-0.95

-3.71

540.26

0.00

540.26

204.18

122.79

-0.95

-2.22

323.80

0.00

323.80

170.15

102.36

-0.95

-1.85

269.71

0.00

269.71

102.09

61.39

-0.95

-1.11

161.42

0.00

161.42
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YEAR

2

4

6 7

11

12

13

14

15

Tax

Income after
Tax

-206.07

58.12

-206.07

58.12

-206.07

58.12

-417.14

117.66

-417.14

117.66

-417.14  -421.40

117.66  118.86

421.40

118.86

-421.40 421.40

118.86 118.86

-421.40

118.86

421.40

118.86

252.56

71.24

210.38

59.34

125.91

35.51

Income after
Tax

Depreciation

Change in
Working
Capital

Investment

Cash Flow

PV Cash Flow

Sum of
Present Value
Net Present
Value

Cumulative PV
of Cash flow

-30

474.85

58.12

5.46

58.12

5.46

58.12

5.46

=15

117.66

5.46

117.66

5.46

117.66 118.86

5.46 =

118.86

-10

118.86 118.86

-18

118.86

-19

118.86

-11

71.24

-15

59.34

35.51

260

504.85

13.58

38.58

48.58

120.12

118.12

117.12 110.86

108.86

96.86 100.86

99.86

107.86

56.24

36.34

295.51

757.24

252.38

504.85

12.58

-492.28

33.08

-459.20

38.57

-420.63

88.29

-332.34

80.39

-251.95

73.80 64.68

-178.15 -113.46

58.81

-54.65

48.45 46.72

-6.20  40.52

42.83

83.34

42.83

126.18

20.68

146.85

12.37

159.22

93.16

252.38
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Appendix N Risk Assessment

NTNU Praparad by | Number Date |
(O] Hazardous activity identification process T A m
HSE The Recior 01.12.2006
Unit: Energy and Process Engineering Department Date: 6" June 2018

Line manager: Even Solbraa
Participants in the identification process (including their function): John Swatson — Masters Student

Short description of the main activity/main process: Master project for student John Swatson. Thesis Title: Aulomated Process Design in Qil
and Gas Field Development

Is the project work purely theoretical? (YES/NO): YES Answer "YES" implies that supervisor is assured that no activities
requiring risk assessment are involved in the work. if YES, briefly describe the activities beiow. The risk assessment !on/n need not be filled out.

Signatures:  Responsible supervisor: éa_e,/; glél’%ﬁ Student: @‘[Q:j‘)

ID Activity/process Responsible | Existing Existing safety Laws, Comment
nr. person documentation measures regulations etc.

Master thesis involves purely thearetical
research and performing simulations. No 1
experimental work nor risk assement \
required.
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