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‘Efficiency is doing things right; effectiveness is doing the right things’ 

-Anonymous 
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ABSTRACT 

 

The present thesis probes the heat and mass transfer phenomena in packed bed of 

particles. The gap in literature for realistically packed dense particle packings is explored, 

following which a new methodology to study external heat transfer is presented and 

evaluated with deep sensitivity analysis. The newly developed method is applied to 

obtain new closure models for external heat and mass transfer in packed beds of mono-

disperse spherical particles and cylindrical particles of different aspect ratios. In 

addition, the obtained data helps refit the new Ergun constant for pressure drop in these 

dense packings. 

A step by step examination for internal mass transfer and reactions depending upon 

several levels of complexities in literature i.e. different reaction order, multiple reacting 

species, and gas volume generation/consumption and in practical application of steam 

methane reforming reveals the need for improvement in industrially viable 1D models. 

The developed closure models for external heat and mass transfer along with the data 

from computationally expensive particle-resolved direct numerical simulations (PR-

DNS) in dense packings of mono-disperse spherical particles with catalytic reactions 

inside the porous particles are used to verify and improve the internal mass transfer 

closures for 1D models through multiscale modelling. 

The enhanced 1D model is then used to simulate an industrial scale packed bed chemical 

looping reforming (PBCLR) reactor.  As an application of the work done in this PhD, an 

alternative to resolved 3D simulation is also presented in this thesis in form of non-

resolved Euler Lagrange 3D simulations. The results obtained are documented and 

discussed in appropriate chapters of this thesis.  

 

Descriptors:  Packed bed reactors, Multiscale modelling, CFD-DEM, Gas-solid system, 

Heat and mass transfer, Direct numerical simulations (DNS), Catalysis 
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RESUMO 

 

A presente tese estuda os fenómenos de transferência de calor e massa em leito fixo 

de partículas. A lacuna na literatura no que respeita a leitos fixos de partículas é 

explorada neste trabalho. Deste estudo resultou uma nova estratégia para análise de 

transferência de calor externa que é descrita e avaliada através uma análise de 

sensibilidade minuciosa.  O método desenvolvido é aplicado no desenvolvivento de 

novas correlações para transferência de calor externa e transferência de massa em leitos 

fixos de partículas esféricas mono-dispersas e partículas cilindricas com diferentes 

proporções. Para além disso, a informação obtida ajuda também a ajustar novas 

constantes de Ergun para a queda de pressão em leitos densos. 

Uma análise detalhada da literatura no que respeita à transferência de massa interna e 

reacções químicas dependendo de diferentes níveis de complexidade como diferente 

ordem de reacção, multiplas espécies reaccionais, volume de gás produzido/consumido 

e considerando a aplicação no processo de “steam methane reforming” revela a 

necessidade de melhorar os modelos 1D actualmente usuados a nível indústrial. As 

correlações desenvolvidas para transferência de calor externa e transferência de massa 

juntamente com a informação obtida de simulações “particle-resolved direct numerical 

simulations” (PR-DNS) de elevados custos computacionais em leitos densos de 

particulas esféricas mono-dispersas com reacções químicas dentro de partículas porosas 

são usadas para verificar e melhorar as correlações de transferência de massa interna 

em modelos 1D através de uma metodologia de modelação multiescala.  

O modelo 1D melhorado é então usado para simular reactores de leito fixo à escala 

indústrial  para o processo de “chemical looping reforming”. O trabalho desenvolvido 

nesta tese é aplicado em “non-resolved Euler Lagrange 3D simulations” que são uma 

alternativa às mais complexas “resolved 3D simulations”. Os resultados obtidos são 

descritos e discutidos nos diferentes capítulos desta tese.  

Descriptors:  Packed bed reactors, Multiscale modelling, CFD-DEM, Gas-solid system, 

Heat and mass transfer, Direct numerical simulations (DNS), Catalysis 
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1 INTRODUCTION 

Abstract 

This chapter introduces the project under which this PhD work has been completed, then gives 

the general background of packed bed reactors and their current research. This is followed by 

a section pertaining to particle resolved direct numerical simulations (PR-DNS), and their 

application to obtain results with reduced scale simulations in the section on multiscale 

modelling. The last section of this chapter lays foundation to objectives, scope and outline of 

the presented work in this thesis. 
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 Background 

This PhD project is a part of the EU FP7 Project: NanoSim (A Multiscale Simulation-

Based Design Platform for Cost-Effective CO2 Capture Processes using Nano-Structured 

Materials). The aim of NanoSim is to develop an efficient and cost effective multi-scale 

and multi-dimensional simulation platform using Nano-Structure Materials. A platform 

named PORTO (NanoSim project) is developed to connect models at different scales 

ranging from atomistic level, particle, industrial equipment and full plant scale. The 

model data developed at each scale pass on the data to next subsequent scale at a courser 

level. To support the scientific coupling and automatic flow of data between the models 

proper data management and sophisticated software architecture have been developed. 

 

Figure 1.1. The pictorial representation of the scale and the member partners this PhD 
is defined in NanoSim project under EU-FP7 framework. 

The Project NanoSim comprises of ten different work packages spread around with eight 

consortium partners from Europe as shown in Figure 1.1. The consortium partners include 

SINTEF Materials and Chemistry (Norway), TU Graz (Austria), University of Coimbra 

(Portugal), University College London (United Kingdom), INPT Toulouse (France), 

NTNU (Norway), DCS Computing GmbH (Austria), Andritz Energy and Environment 

GmbH. The current work for the development of “Models for 1D simulations of packed 

beds” i.e. models for heat and mass transfer in packed bed reactors and “Fully functional 
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2D axis-symmetric and 3D model for fixed bed reactors” in this PhD are a part of work 

representing “particle scale” under WP4 and WP5 in NanoSim respectively. 

Packed bed reactors are continuous tubular reactors in which the reactive fluid (or gas 

specie) passes over stationary particles (Jakobsen, 2014). The basic setup of a packed bed 

reactor can be seen in Figure 1.2. The particle can participate in both catalytic and non-

catalytic reactions depending upon the application we are looking into. Packed bed 

reactors find various applications in chemical and process industry because of their ease 

of operation and simpler technology. Some different examples where packed beds can be 

used are separators, filters, dryers, and heat exchangers. A key factor in packed bed 

reactors is the ability to predict heat transfer inside the bed in order to improve 

performance and facilitate the proper functionality of the equipment (reactors).  

 

Figure 1.2 Typical sketch of a packed bed reaction [Source: (Jakobsen, 2014)] 

Gas-particle heat transfer is one of the most studied topics in the literature for packed bed 

reactors. Numerous methods and correlations have therefore been suggested for 

modelling of gas-particle heat transfer (Gupta et al., 1974) (Wakao et al., 1979) (Inaba et 

al., 1988) (Khan et al., 1991) (Collier et al., 2004) (Scott et al., 2004) (Gnielinski, 1978) 

(Achenbach, 1995) (Mehrabian et al., 2014) (Gunn, 1978), majorly dependent upon 

parameters like Reynolds number, Prandtl number, bed porosity, N (Ratio of diameter of 

reactor to diameter of the particle) value, local flow conditions, and the particles’ surface 

roughness.  
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Still, the majority of the proposed heat transfer correlations are derived from experimental 

data, and only recently there have been a number of studies utilizing direct numerical 

simulations (DNS) (Tavassoli et al., 2015) (Deen et al., 2012; Deen et al., 2014) (Sun et 

al., 2015; Tenneti et al., 2013) for the prediction of heat transfer rates. Given the 

uncertainties involved in experimental techniques and their limitation in giving results to 

a detailed scale to visualize heterogeneities in the bed, these PR-DNS (particle-resolved 

DNS) methods are proposed as a more accurate framework for deriving closures for gas-

solid systems (Dixon, 2017; Dixon and Nijemeisland, 2001).  

 Particle resolved direct numerical simulations (PR-DNS) 

With the development in terms of computational resources and facilities of 

supercomputer clusters, the computational fluid dynamics solutions on detailed scale 

have become possible and more specifically the direct numerical simulations (DNS) have 

gained limelight. To apply the DNS methodology to packed beds, particle resolved direct 

numerical simulations are required (PR-DNS). As the current scenario for simulating full 

scale reactors is still limited by the computational resources, PR-DNS has gained more 

focus recently, especially because of its capability to give insights into the local 

phenomena by analyzing a section in the reactors. A small segment of the packed bed 

simulated using PR-DNS can give more detailed information of the local void fraction 

and velocities than the information obtained experimentally (Dixon, 2017), and hence 

these information can be scaled up using the multiscale modelling to be applied to large 

scale reactors.  

PR-DNS requires a realistic packing of particles (packed bed), which is often 

accomplished using discrete element method (DEM) (Cundall and Strack, 1979). Then 

the path is either to follow (i) immersed boundary method (Blais et al., 2016; Derksen, 

2014; Uhlmann, 2005) or to use (ii) body fitted meshes (Singhal et al., 2017e, f) especially 

for the non-moving systems, with which higher spatial resolution can be obtained at 

identical cell count. 

 Multiscale modelling 

The fundamental understanding of the mass, momentum, heat and specie transfer is the 

basic necessity for the gas-solid packed bed systems. With the major advancement in 
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terms of PR-DNS as explained earlier, the fluid flow is resolved around the particles and 

the data obtained for the particle fluid interactions is interpolated and fitted in form of 

correlations to represent the phenomena.  

With the help of multiscale modelling, these developed correlations for external heat and 

mass transfer in packed beds are being used as closure relations in unresolved Euler-

Lagrange simulations as a coupled simulation between computational fluid dynamics and 

discrete element method (CFD-DEM), where the size of cells are larger than the particles.  

The similar concept of closure relations is used to formulate the Euler-Euler simulations 

in form of 1D framework, which are used to simulate large industrial scale reactors. Here 

the appropriate closure relations for external heat and mass transfer along with 

appropriate models for intra particle diffusion are solved with Eulerian multi-fluid 

approach on a reduced scale of 1D model.   

 Research objectives 

The objectives of this PhD is to develop the closure models for external heat and mass 

transfer in realistically packed bed reactors for gas-solid systems. These closures were 

then implemented into an open source non resolved Eulerian-Lagrange environment and 

1D simulation model to solve large-scale industrially relevant CFD problems. The 

objectives of the work are summed up as follows: 

 Develop a methodology to obtain closures for external heat and mass transfer in 

densely packed beds. 

 Advanced closures for packed bed simulations using the methodology established 

to capture the effects due to heterogeneities in the particle packings. 

 Develop a multi-dimensional Eulerian model for fixed bed reactors. 

 Implementation of closures into 1D model framework along with improvements 

to current internal mass transfer models, such that the resulting modelling tool 

will be simple and user friendly for use by the industry and has possibility to be 

coupled to full plant scale simulations. 
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1.4.1 Scope 

 The prediction of heat and mass transfer in realistic packings (porosity(ε) < 0.5) 

of densely packed particles using PR-DNS, which is generally not the case in the 

recent correlations in literature (Deen et al., 2012; Deen et al., 2014; Sun et al., 

2015; Tavassoli et al., 2015; Tenneti et al., 2013) 

 A single correlation valid for external heat and mass transfer in realistically 

packed bed of either mono disperse spherical particles or cylindrical particles (of 

different aspect ratios). 

 The work points towards the possibility to shift from the conventional resolved-

DNS based simulations in packed bed reactors to non-resolved simulations and 

1D modelling. These simulations are computationally cheap alternative to 

resolved DNS simulations. 

 The PhD was focussed on development of new models for external heat and mass 

transfer and improvements to internal mass transfer models with appropriate 

correction to Ergun constants for pressure drop, while the advanced models for 

drag and other laws were not the target of this work. 

 The verification of the models for internal mass transfer in literature were the final 

test in the PhD. The closures were tested and improved in the 1D model 

framework against the PR-DNS data to find the feasibility of using them in 

industrial scale reactors. 

1.4.2 Outline 

After discussing the objectives and the scope, an outline of the overall work within this 

thesis is presented and briefly discussed in this section (also shown in Figure 1.3).  

Chapter 2 presents “what not to do” to develop a methodology to study external heat and 

mass transfer in realistically packed particle beds. It lists the major trends followed in 

literature to study heat transfer in packed beds and addresses the need to take a closer 

look in literature to argument their limitations.  

In Chapter 3 and 4, followed by the limitations already checked in Chapter 2. A newly 

developed methodology to correctly deal with the problem of particle overlaps in densely 

packed beds is detailed and the correct method followed in this thesis to obtain the closure 
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models for external heat and mass transfer in a packed bed of monodisperse spherical 

particles and cylindrical particles (aspect ratio = 2, 4 and 6) is presented. 

Chapter 5 presents the verification of the heat and mass transfer models for reduced scale 

1D model, which can be used for industrial scale simulations. The application of the 

developed closure models for industrial scale problems through non-resolved and 

multidimensional approach is demonstrated in Chapter 6 and 7. Finally, Chapter 8 sums 

up the thesis with conclusion, followed by recommendation for possible future works. 

 

Figure 1.3. Structure of the thesis with the basic essence  
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2 RESEARCH REPERTOIRE 

Abstract 

Gas-particle heat transfer rates are investigated using particle-resolved direct 

numerical simulation (PR-DNS). We utilize a discrete element method (DEM) approach 

to first obtain a realistic packing of the particles, and then build a computational mesh 

based on these particle positions for running PR-DNS. A common challenge in such 

investigations is the region of close proximity or overlap between adjacent particles, 

which can result in highly skewed cells while meshing. The simplest method for 

addressing this challenge was investigated in this paper: particle shrinkage. We 

investigated the hypothesis that the void fraction variations caused by particle 

shrinkage could be tolerated when using a correlation with void fraction dependence. 

However, this hypothesis was proved false because the particle assembly created by 

shrinking all particles was evenly spaced and not random, resulting in an over prediction 

of heat transfer relative to existing correlations. When a random particle arrangement 

was simulated, however, results matched well with correlations. In addition, we find that 

DNS results using the commercial CFD code ANSYS FLUENT and the open-source code 

OpenFOAM® return very similar results. The computational performance was similar, 

with (i) OpenFOAM being faster for a fixed number of iterations, and (ii) ANSYS FLUENT 

requiring a smaller number of iterations to find convergence. ℹ 

 

 

 

 

 

 

 

 

ℹ This chapter is based on Arpit Singhal, S. Cloete, S. Radl, R.Q. Ferreira, S. Amini., 

CFD-DEM predictions of heat transfer in packed beds using commercial and open source 

codes, MAYFEB Journal of Chemistry and Chemical Engineering, 1 (2016), pp. 10-26 
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Nomenclature 

 

Symbols 

Re Reynolds number 

Nu Nusselt number 

Pr Prandtl number 

dp Diameter of the particle (m) 

D Diameter of the reactor (m) 

j Number of particles 

Kf Thermal Conductivity of fluid (W/ m K) 

mP Mass of the particle (kg) 

Cp Specific Heat Capacity of fluid (J/Kg K) 

ℎ Heat transfer coefficient (W/m2K) 

𝑇𝑏𝑢𝑙𝑘  Bulk fluid temperature (K) 

𝑇𝑃 Particle surface temperature (K) 

𝑇 Temperature of the fluid (K) 

𝑒𝑧 Unit vector in z-direction 

u Superficial velocity of the fluid (m/s) 

v Velocity of the particles for DEM (m/s) 

uz Velocity of the fluid in Z-direction (m/s) 

N Ratio of diameter of reactor to diameter of the particle 

𝑑𝑉 Volume in the region of interest 

g Gravity (m/s2) 

Greek 

ԑ Porosity (void fraction) 

  Density of fluid (kg/m3) 

μ Viscosity of fluid (kg/ m s) 

𝜑𝑓→𝑃 Heat flux from fluid to particles (W/m2) 

Vectors: 

𝒖⃗⃗  Fluid velocity (m/s) 

𝑔  Gravity (m/s2) 

Subscripts: 

P particle 

f fluid 

n normal 

t Tangential 
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Operators: 

𝛁 Gradient operator (m-1)        

∇. Divergence operator (m-1) 

∇2 Laplace operator (m-2) 

𝑑

𝑑𝑡
 

 

time derivative (s-1) 

 Introduction 

Gas-particle heat transfer is one of the most studied topics in the literature for packed bed 

reactors. Numerous methods and correlations have therefore been suggested in the 

literature for modelling of gas-particle heat transfer. Still, the majority of the proposed 

heat transfer correlations are derived from experimental data, and only recently, there 

have been a number of studies utilizing direct numerical simulations (DNS) for the 

prediction of heat transfer rates. Given the experimental uncertainties involved in existing 

correlations, these PR-DNS (particle-resolved DNS) methods are proposed as a more 

accurate framework for deriving gas-particle heat transfer models. 

PR-DNS for the derivation of accurate heat transfer correlations in realistically packed 

particle assemblies is therefore an important research question and has not been published 

yet in our knowledge. A single complete empirical correlation for heat and mass transfer 

in packed beds, fluidised beds and single particle, valid for both analytical and 

experimental conditions, was first introduced by (Gunn, 1978). The correlation was valid 

for a wide range of porosity (0.35<ԑ<1), Reynolds number and Prandtl number. However, 

a modelling study by (Tavassoli et al., 2015) has recently suggested that the correlation 

is only accurate for rather dilute systems (ԑ>0.7). This hints to a possible shortcoming of 

the parameters in the Gunn correlation to predict heat (and mass) transfer rates in dense 

systems. 

(Deen et al., 2014) used DNS to refit the model from (Gunn, 1978) to improve the 

accuracy for porosities  ranging from 0.5 to 1, and a variety of Reynolds numbers for 

monodisperse particles. Most important, the simulations of Deen et al. were performed in 

laterally-periodic, but rather thing slaps of particles. Similar work using PR-DNS was 

done by (Sun et al., 2015) however, in fully periodic domains. Both studies suggested an 

improved empirical correlation for heat and mass transfer in packed beds, utilizing the 

concept of a cup-mixing (bulk) temperature for the fluid. This cup-mixing temperature 
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was calculated using the planes in the direction perpendicular to the flow direction. We 

note in passing, that this cup-mixing temperature is not available in simulations on a 

coarser length scale (e.g., two-fluid model simulations, TFM). Hence, a correction needs 

to be applied when using the average fluid temperature in TFM-based simulations as 

noted by (Sun et al., 2015). 

The major problem associated with developing a realistic packed bed particle 

arrangement through DEM is the particle-particle and particle-wall overlap. This overlap 

leads to highly skewed cells in the proximity regions of particle-particle and particle-wall 

contacts. Such highly skewed cells should be avoided because they can decrease the 

convergence and accuracy of the solution.  

There are many solutions to this overlapping problem suggested in the literature. (Kuroki 

et al., 2009) introduced a method to join the particles by a cylinder if the distance between 

the particles decreases a predefined value. This method accounts for the pressure drop 

correctly but the overall porosity of the bed gets highly affected. (Eppinger et al., 2011) 

described a method to flatten the particle surfaces locally in order to avoid the overlap. 

The above methods are classified as local modification methods.  

(Guardo et al., 2004) suggested to increase the particle size by a certain value, in this way 

the contact points become contact areas and consequently decreases the skewed cells in 

the geometry. The most common method available to deal with the overlapping problem 

is to shrink the particles in the packed bed by certain values, and hence to avoid the 

overlap. Such a methods is classified under the category of and overall modification, 

because it affects the overall structure of the packed bed. Many publications using 

different shrinkage factors have used this method to deal with the particle-particle and 

particle-wall contacts. This is an easy method to implement but it strongly affects the 

porosity of the bed. (Bai et al., 2009) used the particle bed with 1% shrinking, (Atmakidis 

and Kenig, 2009) preferred to shrink the particles by 2%, (Lopes and Quinta-Ferreira, 

2009) used a shrinking of 3% for the bed, while, (Dixon and Nijemeisland, 2001) firstly 

presented the work with shrinking by a factor of 1% and then in (Dixon et al., 2007) 

reduced the particles by 0.5% to avoid contact. (Calis et al., 2001) used 1% shrinkage 

factor after generating the bed, both 2% and 1% shrinkage was checked for the change in 

friction factors from the pressure drop simulations to check the validity of 1% shrinkage. 

Similar trend was followed by (Reddy and Joshi, 2008) by a shrinkage of bed by 1% to 

avoid overlap. The influence of the shrinking factors on the heat transfer and fluid velocity 
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was investigated by (Romkes et al., 2003), different shrinking factors 1%, 2% and 5% 

were compared and it was decided that the 1% shrinkage is representative of the full 

contact of particles, given a 5% relative error corridor is acceptable. 

A review of all the methods available to deal with the problem was given by (Dixon et 

al., 2013) They suggested two types of changes in the bed: a local modification, and an 

overall modification of the packed bed. The suggestion was leaned towards using local 

modification of the bed than the overall modification, with a better approximation for 

porosity and pressure drop using caps and bridge method.  

Numerous methods for generating the particle bed have also been investigated in the 

literature. (Jafari et al., 2008; Soleymani et al., 2007) generated a packed bed with non-

overlapping particles with an unknown random arrangement. (Gunjal et al., 2005) utilized 

a periodic box setup with particles arranged at a distance of 1mm from each other. (Lee 

et al., 2007) utilized a body centered cubical (BCC) and face centered cubical (FCC) 

arrangement with distance of 1mm between the particles for their heat transfer study with 

large eddy simulations (LES). (Deen et al., 2012; Deen et al., 2014) used a Monte-Carlo 

method to generate the random packed bed, and to avoid the overlap for their DNS.  

In this paper, the overall modification methods are dealt with in detail for the heat transfer 

problems. The main focus of this work is to test the validity of shrinking the particles in 

packed beds for heat transfer calculations and to highlight whether such packings can be 

considered realistic or random. The effect of shrinking is studied in detail by comparing 

the results of heat transfer with the heat transfer correlations valid for random packings 

(Sun et al. and Deen et al.). (Deen et al., 2014; Sun et al., 2015) The effects caused by 

shrinking are reported and documented. In addition, this work compares heat transfer 

predictions in packed beds by using both commercial (ANSYS FLUENT) and open 

source (OpenFOAM) software. 

 Methodology 

2.2.1 Particle bed generation (DEM) 

DEM (Discrete Element Method) using Ansys FLUENT 17.2 is used to generate the 

packed bed in this work. The particles are injected in a cylindrical geometry with gravity 

force and when the particles get settled the packed bed is obtained. More details about the 
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particle arrangement and the DEM setup used to obtain the packing are given in Table 1 

and Table 2. 

The particle bed generated through DEM has particle and particle overlaps which will be 

removed by shrinking the particles as discussed in the last Section 2.1. Different shrinking 

factors are considered later in this work and their effects are then documented. 

 

Table 1. The reactor geometry with meshing details 

 

 

Figure 2.1. Final realistic packing inside the reactor (left) and random particle bed (right) 
generated in Workbench 

2.2.2 Random packing from DEM 

To generate a random particle arrangement of higher porosities, particles are injected into 

the reactor geometry as explained in Section 2.2.1 without the gravity force. Initially, 

there is a significant degree of overlap between the injected particles, thus creating large 

repulsive forces which accelerate the particles in different directions. As a result, particles 

move around and collide in a random fashion. After 20s of this random particle translation 
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and collision, the simulation is stopped and the resulting random particle positions are 

exported as described before. The resulting geometry is shown in Figure 2.1. 

Table 2. DEM parameters for the normal, tangential and gravity forces 

 

2.2.3 Mesh 

The obtained geometry given in Figure 2.1 is then meshed using ANSYS Meshing. There 

are different mesh types available for the complicated geometries of the packed beds. 

Tetrahedral cells form the most basic form of unstructured mesh, but large meshes are 

required to obtain the same level of accuracy as compared with Polyhedral and Cutcell 

and therefore tetrahedral is not used in this work. Polyhedral meshing is difficult to obtain 

directly in ANSYS Meshing and has to be converted using Fluent which makes it 

inconvenient for export to OpenFOAM for the comparison done in this work. The 

structured hexahedral mesh created using the cutcell method can limit the number of cells 

required and can also be conveniently exported to OpenFoam®. It is therefore selected for 

this study with the details shown in Table 1. 

The reactor geometry is meshed with the refinement near the particle surfaces and in the 

proximity region between the two particles using cutcell mesh. The particles are to be 

resolved for the Direct Numerical Simulation (DNS); therefore the resolution of dp/50 is 

used on the particle surfaces. This degree of resolution is sufficient to resolve the heat 

transfer around individual particles in the packed beds. 

2.2.4 Computational fluid dynamics 

The meshed geometry is solved under steady state conditions since transient effects in the 

packed bed region can be assumed to negligible at operating low Reynolds numbers. 

Transient effects are stronger in the regions above the packed bed but the focus of this 

work was working on heat transfer in the packed bed region to compute the Nusselt 
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number for the particle to fluid heat transfer. Therefore, the steady state simulations 

provide a computationally cheaper solution to the heat transfer problems. 

2.2.5 Model equations 

The conservation equations of continuity, momentum, and energy for the incompressible, 

steady state, Newtonian fluid solved for the DNS are given by 

 

∇. 𝑢⃗ = 0 
 

(1) 

 

∇. (𝜌𝑢⃗ 𝑢⃗ ) =  −∇𝑝 +  𝜇∇2𝑢⃗ +  𝜌𝑔  
 

(2) 

 

𝜌𝐶𝑝∇. (𝑇𝑢⃗ ) = 𝐾𝑓∇
2𝑇 

 

(3) 

 

The particle equation of motion solved in the DEM simulations is given below. Rotational 

particle motion was not solved as this was not necessary to obtain a randomly dispersed 

particle array.  

𝑚𝑝

𝑑𝑣

𝑑𝑡
=  𝑚𝑝𝑔 + ∑(𝐹𝑝,𝑖,𝑛

𝑗

𝑖=1

+ 𝐹𝑝,𝑖,𝑡) 

 

(4) 

2.2.6 Boundary conditions 

The particles maintained at a temperature of 573 K are cooled by a flowing fluid (air in 

this work) at 473 K. Table 3 shows the flow properties used in the simulations. 

The cylindrical reactor geometry contains a velocity inlet and a pressure outlet. The 

reactor wall is modelled with a no-slip boundary condition, and with zero heat flux. The 

heat transfer coefficient in the bed is calculated with the help of the heat flux through the 

particle surfaces from Eq. (5). The bulk fluid temperature is calculated using Eq. (6), i.e., 

the flux-averaged fluid temperature was computed. This is similar to the cup-mixing 

temperature used in literature. The values of the heat transfer coefficient are computed in 

the region of interest as described later in Section 2.4.1. 
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Table 3. Flow properties 

 

 

𝜑𝑃→𝑓 = ℎ (𝑇𝑃  −  𝑇𝑏𝑢𝑙𝑘)  (5)                                                                 

                                                   

𝑇𝑏𝑢𝑙𝑘 =
∫(𝑢. 𝑒𝑧)𝑇 𝑑𝑉 

∫(𝑢. 𝑒𝑧) 𝑑𝑉
 

                                                               

 

(6)                                

2.2.7 Solver settings 

ANSYS FLUENT is used to solve the heat and fluid flow around the particles in the bed. 

The phase-coupled SIMPLE algorithm with 2nd order spatial discretization schemes for 

pressure-velocity coupling are used to obtain the solution. 

 Validation for a single particle 

This section of the paper validates the method outlined in Section 2.2 for a single particle 

before it is applied for more complex case simulations. 

The heat transfer coefficient (Nusselt Number) and drag coefficient calculated from 

single particle surface immersed in fluid domain is computed for several particle 

Reynolds numbers varying between 20 and 400. The results for the convective heat 

transfer were compared to the experimental correlation from Ranz-Marshall,(W. E. Ranz 

and W. R. Marshall, 1952). The comparison of heat transfer from the simulation and the 

experimental correlation is represented in Table 4 and Figure 2.2. It is seen that the 

comparison of results is good, and the relative error exceeds 5% only at very low 

Reynolds numbers which are not of interest for packed bed operation.  
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Table 4. Comparison of heat transfer coefficient with Ranz-marshall correlation 

 

 

Figure 2.2. Prediction of heat transfer coefficient variation with particle Reynolds 
numbers 

 Results and Discussions 

This section compares the effect of different shrinking factors on the packed bed and 

checks whether the packed bed after shrinking can still be accounted under realistic 

packing or even random packings. The accuracy of the results from the different codes is 

validated, and the performance of commercial and open source codes is compared. 

2.4.1 Case setup 

A reactor with an N value (ratio of  reactor diameter to particle diameter) greater than 4 

can be assumed to be less sensitive to the wall effects (Dixon, 1997). Similar findings 

were presented by (Smirnov et al., 2003) for N > 3.5. The reactor in this work is with N 

= 6. To be sure that the wall effects, inlet effects and outlet effects do not affect the heat 
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transfer calculations strongly, a region of interest is considered (Figure 2.3) thus 

minimizing these effects. The data for the bed porosity and the convective heat transfer 

is calculated inside this region of interest. 

Various degrees of shrinkage were applied to the particle bed in order to avoid overlap 

and a change of the bed porosity. The five cases to be discussed in the next section are 

outlined in Table 5. Each of these five cases was simulated at four different particle 

Reynolds Numbers ranging between 36 and 144. 

 

Figure 2.3. Representation of the region of interest in the packed bed region. 

Table 5. Schematic representation of different packed bed setups achieved by shrinking 

 

2.4.2 Heat transfer for different porosities 

The comparison study for the spherical particle packed bed generated through shrinking 

is obtained by analysing the results of convective heat transfer coefficient from ANSYS 
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FLUENT and then benchmarking the results against the experimental correlation results 

by (Gunn, 1978) as well as two recent correlations derived from DNS results (Deen et al. 

and Sun et al.).(Deen et al., 2014; Sun et al., 2015). 

The plots for the convective heat transfer from the particle surfaces in the region of 

interest for various porosities and different particle Reynolds numbers are shown in 

Figure 2.4. It can be seen that for porosity (ԑ = 0.42), i.e., the closest to realistic packing, 

the heat transfer is under-predicting to the correlation results. This is not in good 

comparison and can be because of the validity of  (Sun et al., 2015) is for porosity (0.5< 

ԑ <1) i.e. random packings and not realistic packings. The comparison is similar for the 

correlation of (Deen et al., 2014) which agrees closely with the results from (Sun et al., 

2015) The validity of (Gunn, 1978) has already been discussed by (Tavassoli et al., 2015) 

suggesting that is only valid for dilute systems with porosity (ԑ>0.7). 

For the higher porosity values (ԑ= 0.47, 0.55 and 0.72) which are achieved by shrinking 

the particles, the predicted heat transfer coefficients steadily increase when compared to 

the correlation values. Eventually, results from this study over predict all the experimental 

correlation values at porosity (ԑ = 0.72). 

The reason for this trend is that a particle bed created by a large degree of particle 

shrinkage can be considered as neither a realistic nor a random packing. Particles in this 

kind of arrangement are equally spaced from each other, thus maximizing the degree of 

gas-particle contact. In contrast, in a random packing (for which the various published 

correlations are valid), particles may shield each other. We speculate that this results in 

regions of relatively high voidage, where the gas slips past the particles, and hence heat 

transfer is limited. Our speculations are supported by a set of simulations in which a 

different packing was considered. Specifically, heat transfer in the random packing shown 

in Figure 2.1 with the same setup for geometry, meshing and solution as mentioned in 

Table 1 and Table 3, was analyzed. Therefore, this new random packing with a porosity 

of ԑ = 0.62 was generated, and compared to a bed with the same porosity but prepared by 

shrinking our old packing from section on 2.2.1 up by a factor of 13%. 

A variety of flow situations characterized by Reynolds numbers between 36 and 144 were 

analyzed for both packings. Figure 2.5 illustrates that our results using a random packing 

are in close agreement with the DNS results from (Deen et al., 2014; Sun et al., 2015) 
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within a 5% error corridor. This result serves as a validation of our simulation 

methodology against previous DNS results for random packings of higher void fractions. 

Most important, this result highlights the limitation in the method of varying the packing 

porosity by shrinking the particles. 

Furthermore, this result serves as a validation of this method against previous DNS results 

for random packings of higher void fractions. This reemphasizes the result for the lowest 

porosity case shown in Figure 2.4 where the DNS results from this study returned 

substantially lower heat transfer than all the correlations. This apparent inaccuracy of 

existing correlations in realistic packed bed packings is recommended for closer 

examination in future works. 

 

Figure 2.4. Comparison of heat transfer coefficient with the correlations over a range 
of Reynolds numbers and porosity values (obtained by shrinking factors) 
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Table 6. Nusselt number comparison between OpenFOAM and Fluent 

 

 

 

Figure 2.5. Comparison of heat transfer coefficient for shrunk and randomly generated 
particle bed 

2.4.3 Heat transfer predictions 

To verify the accuracy of the open source code OpenFOAM and the commercial code 

ANSYS FLUENT for the heat transfer calculations, a comparison from the results for the 

heat transfer coefficient over four (4) different cases is studied.  

To validate the trend observed in the results obtained with FLUENT, 4 different cases as 

shown in Table 6 are simulated in OpenFOAM. To ensure a fair comparison, an identical 

setup is used for both codes when predicting the heat transfer rate as mentioned in 

previous sections (particle bed generation, random packing for DEM and case setup). The 

results obtained from OpenFOAM and FLUENT match quite well within a 2% error 

corridor for ԑ = 0.72, and within 1% for ԑ = 0.42 (see Table 6 and Figure 2.6). The typical 

velocity profile (Figure 2.7) in realistic packing (ԑ = 0.42) shows similar detailed flow 

and temperature profiles being resolved by both codes, thus verifying the similar 

quantitative predictions given in Table 6. 
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Figure 2.6. Comparison between FLUENT and OpenFOAM 

 

Figure 2.7. Representation of the velocity and temperature profile obtained from 
FLUENT and OpenFOAM (plane y = 0; Re 36; ԑ = 0.42) 

2.4.4 Performance analysis 

Two performance tests are studied using 20% shrinkage (ԑ = 0.72) and Reynolds number 

(Re = 36): 
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Sprint race: In this test the simulation for ԑ = 0.72 and Re = 36 is run using both codes 

for 20 iterations using eight cores of similar clock speed and with the same under 

relaxation factors for energy, pressure and momentum. The difference of the wall time at 

the end of iteration 21 and at the end iteration 1 is then computed. The time between the 

end of iteration 1 and end of iteration 21 is considered. This is because the time overhead 

due to matrix assembling is excluded in the computation time, which is negligibly small 

in a typical solution. The results from the sprint test are shown in Table 7, it is seen that 

for the same solver settings (Multigrid Solver) OpenFOAM takes a lesser time per 

iteration (15.25 s) when compared with the per iteration time (19.9 s) consumed by 

ANSYS FLUENT.  

Marathon: For the second performance test both the codes (software) running the same 

simulation are run until convergence. Convergence is monitored considering the residual 

parameters of the continuity, velocity and energy transport equation. An additional 

parameter described by the area weighted average of heat flux from the particle surfaces 

in the region of interest (Figure 2.3) is also monitored. The parameters are monitored to 

reach the convergence of level 10-5 in both codes. It can be seen in Table 7 that the total 

number of iteration to convergence taken by FLUENT is only 46.8% of that consumed 

by OpenFOAM. The solver used by FLUENT simulations is AMG (Algebraic multigrid). 

When working with OpenFOAM the multigrid solver (GAMG) is only available for 

pressure, not temperature. Therefore to reach the degree of accuracy DILUPBiCG 

(Diagonal Incomplete LU preconditioned Biconjugate gradient) was used. 

Table 7. Performance test (Sprint race for 20 s) and marathon  
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 Summary and conclusions 

The research problem targeted by this paper is the derivation of heat transfer correlations 

from PR-DNS for realistic packings of spherical particles. PR-DNS is commonly used 

for deriving heat transfer correlations at higher void fractions using random particle 

assemblies, but this flow situation is more suitable to fluidized beds than packed beds. 

Since particles in packed beds are about one order of magnitude larger than particles in 

fluidized beds, gas-particle heat transfer is a much more important limiting phenomenon 

in packed beds than fluidized beds.  

For this reason, this work presents a method for conducting PR-DNS heat transfer studies 

in realistic packings of spherical particles. The most important challenge posed by this 

method is the regions of close proximity/overlap between particles, which result in highly 

skewed cells when the geometry is meshed. This study investigates the effect of 

overcoming this challenge by shrinking of particles in the bed. Comparison with heat 

transfer correlations available in the literature showed that particle shrinkage is not an 

attractive method to generate different porosity beds. The bed of particles (when shrunk) 

leads to a packing of equally spaced particles at a higher overall void fraction, which is 

neither a random nor a realistic packing. This packing over predicts the degree of gas-

particle contact, and therefore also the degree of heat transfer relative to a random particle 

arrangement.  

The correlations from (Deen et al., 2014; Sun et al., 2015) are valid for random packings 

(0.5 < ԑ <1). Our results for a random packing with a porosity of ԑ = 0.62 are in close 

agreement with these correlations. However, our DNS results for heat transfer in more 

dense (i.e., ԑ = 0.42) and wall-bounded packings differ significantly from Sun et al.’s and 

Deen et al.'s correlations for random packings. Thus, the question arises on the validity 

of these correlations for wall-bounded packings, and under denser particle concentrations.  

The presented method with shrinking the particles improves on other works in that it can 

generate realistic packings. However, the accuracy of heat transfer predictions from this 

methodology is not sufficient for the derivation of reliable packed bed heat transfer 

correlations. Other more complex methods such as creating small gaps or bridges between 

adjacent particles will therefore be investigated in future works. 

In addition an attempt is made to study the prediction of gas-particle heat transfer rates 

with the commercial code (FLUENT) and open source code (OpenFOAM) suggesting 
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similar predictions. Computational performance of the two codes was also similar. On 

one hand the sprint race shows that OpenFOAM is clearly faster, when per iteration time 

is concerned. On the other hand the marathon test shows FLUENT gives the result in a 

smaller number of iterations. The origin of this difference is unclear, since a detailed 

documentation of FLUENT’s algorithms is not available. 
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Arpit Singhal (Sign) 

 

 

 

 







 

 

 

Singhal - April 2018   55 

 

3 HEAT TRANSFER TO GAS 

THROUGH MONO-DISPERSE 

SPHERICAL PARTICLE BED 

Abstract 

Particle-resolved direct numerical simulation (PR-DNS) has emerged as a promising 

method to improve gas-particle heat transfer closure models. To date, this method has 

been applied in random and regular particle assemblies at comparably high void 

fractions. This paper presents a new methodology for deriving heat transfer correlations 

from PR-DNS of very dense particle packings relevant for packed bed applications. First 

particle packings were generated using the discrete element method (DEM). After 

geometric modifications in regions of close particle-particle proximity, a fine mesh with 

low cell skewness was created for PR-DNS. Grid independence and the effect of the 

geometry modification were thoroughly investigated. It was also established that steady 

state simulations are accurate for PR-DNS in this case. Simulations carried out in 

different assemblies of ~100 particles showed significant variation of local transfer 

rates, implying that it is important to specify a confidence interval when reporting 

correlations derived from PR-DNS. A newly developed Nusselt number correlation 

predicts values in the lower range of predictions from literature correlations. This 

implies that the use of the currently available correlations may over-predict heat 

transfer in densely packed beds. ℹ 

 

 

 

 

 

ℹ This chapter is based on Arpit Singhal, S. Cloete, S. Radl, R.Q. Ferreira, S. Amini, 

Heat transfer to a gas from densely packed beds of monodisperse spherical particles, 

Chemical Engineering Journal, 314 (2017), pp. 27-37 
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Nomenclature  

Symbols 

Cp Specific Heat Capacity of fluid (J/Kg K) 

dp Diameter of the particle (m) 

D Diameter of the reactor (m) 

𝑒𝑧 Vector in Z-direction 

g Gravity (m/s2) 

ℎ Heat transfer coefficient (W/m2K) 

 j Number of particles 

K Spring constant in the normal contact force law 

Kf Thermal Conductivity of fluid (W/ m K) 

mp Mass of the particle (kg) 

N Ratio of diameter of reactor to diameter of the particle (𝐷/𝑑𝑝) 

Nu Nusselt number (ℎ𝑑𝑝/𝐾𝑓) 

Pr Prandtl number (𝜇𝐶𝑝/𝐾𝑓) 

Re Reynolds number (𝜌𝑢𝑠𝑑𝑝/𝜇) 

𝑇 Static temperature of the fluid (K) 

𝑇𝑃 Particle surface temperature (K) 

𝑇𝑏𝑢𝑙𝑘  Bulk fluid temperature (K) 

𝑢𝑠 Superficial velocity of the fluid (m/s) 

𝑢𝑧 Velocity of the fluid in Z-direction (m/s) 

v Velocity of the particles for DEM (m/s) 

𝑑𝑉 Volume in the region of interest (m3) 

Greek 

ԑ Porosity (void fraction) 

η Dashpot term in the normal contact force law 

𝜇𝑔𝑙𝑖𝑑𝑒

𝜇𝑙𝑖𝑚𝑖𝑡

𝜇𝑠𝑡𝑖𝑐𝑘

} 
Friction coefficients in the tangential contact force law 

 

  Density of fluid (kg/m3) 

μ Viscosity of fluid (kg/ m s) 

𝜑𝑝→𝑓 Heat flux from fluid to particles (W/m2) 

Vectors: 

𝒖⃗⃗  Fluid velocity (m/s) 

𝑔  Gravity (m/s2) 

Subscripts: 

p particle 
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f fluid 

n normal 

t tangential 

Operators: 

𝛁 Gradient operator (m-1) 

∇. Divergence operator (m-1) 

∇2 Laplace operator (m-2) 

𝑑

𝑑𝑡
 

 

time derivative (s-1) 

 Introduction 

Packed bed reactors find various applications in chemical and process industry. Some 

different examples where packed beds can be used are separators, filters, dryers, chemical 

reactors and heat exchangers. One important factor for packed bed reactors is the ability 

to predict heat transfer inside the bed in order to facilitate the proper functionality of the 

equipment (reactors). Therefore, heat transfer in packed beds is an extensively studied 

subject in the literature. There are several different correlations to predict heat transfer in 

the packed bed reactors in the current state of the art. 

3.1.1 Previous Heat Transfer Correlations 

(Gupta et al., 1974) reported a non-linear relationship between the heat transfer 

coefficient and the influence parameters, i.e., the Reynolds number and the void fraction 

of the bed. An expression based on experimental data depending on Prandtl number and 

Reynolds number with an asymptotic solution in the limit of Re→0 was suggested by 

(Wakao et al., 1979). The effect of porosity for the calculation of heat transfer was not 

considered in (Wakao et al., 1979). 

(Inaba et al., 1988) studied the transient characteristics of cold air flowing over a heated 

packed bed. It was shown that the heat transfer coefficient depends on the ratio of particle 

diameter and reactor as well as on the flow rate. This model is only valid over a small 

range of porosity (0.310<ԑ<0.475). 

A correlation was derived by (Khan et al., 1991) for superheated steam drying in a packed 

bed using both experimental and computational methods. The model has the capability to 
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predict condensation before drying begins for the initial heating of the bed. The model is 

even reliable for the superheated steam drying of the packed bed. The limitation of the 

model lies in the computation of the Nusselt number which will compute no heat transfer 

for Re→0. 

(Collier et al., 2004) and (Scott et al., 2004) calculated the heat transfer coefficient in a 

packed or fluidized bed utilizing heat transfer from a single particle to the ambient particle 

bed. The limitation of this study was to not account for the porosity of the bed. 

(Gnielinski, 1978) introduced a semi empirical relation to predict the Nusselt number in 

the packed bed with an asymptotic solution of 2 for Re→0. It was validated for 

experimental results up to Reynolds number (Re/ԑ = 2.104), and over a wide range of 

porosities (0.26<ԑ<0.935) and Prandtl numbers (0.7<Pr<104). An improvement to this 

model was proposed by (Achenbach, 1995) to extend the range of the Reynolds number 

to Re/ԑ =7.7.105 and fix prediction at low Reynolds numbers. (Achenbach, 1995) 

suggested that porosity and the tube diameter to particle diameter ratio are the major 

factor influencing the heat transfer rate. 

Table 8: Porosity range studied by the different correlations 

Publication (Author) Porosity range 

Inaba et al. (Inaba et al., 1988) 0.310 < ԑ < 0.475 

Gnielinski (Gnielinski, 1978) 0.26 < ԑ < 0.935 

Achenbach (Achenbach, 1995) 0.26 < ԑ < 0.935 

Gunn (Gunn, 1978) 0.35 < ԑ < 1 

Deen et al. (Deen et al., 2014) 0.5 < ԑ < 1 

Sun et al. (Sun et al., 2015) 0.5 < ԑ < 1 

Wakao (Wakao et al., 1979) ԑ = 0.4 

 

The different parameters on which the forced convection can depend upon are (i) the 

Reynolds number, (ii) the Prandtl number, (iii) bed porosity, (iv) N (Ratio of diameter of 

reactor to diameter of the particle) value, (v) local flow conditions, and (vi) the particles’ 

surface roughness. The above mentioned experimental correlations available show 

variation from each other which was demonstrated in the work of (Mehrabian et al., 

2014). It was suggested that the reason for the variation in the results depicted by different 

correlations was due to the non-uniformities arising because of the variation of the 
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porosity in the bed. It was hence suggested that the semi empirical relations by Gnielinski 

and Achenbach given in (Achenbach, 1995; Gnielinski, 1978) were the most successful 

method to predict heat transfer.  

An empirical relation for computation of heat transfer in packed beds was given by (Gunn, 

1978) which was valid for a wide range of Reynolds number, Prandtl number and also 

for the porosity (0.35<ԑ<1). This work suggested that, at low Reynolds numbers, 

assuming an asymptotic solution cannot be supported by analysis or experiments. (Gunn, 

1978) introduced a single equation for heat and mass transfer valid for packed beds, 

fluidized beds and single particles agreeing over both analytical and experimental 

conditions. A limitation of the Gunn correlation (Gunn, 1978) was identified by 

(Tavassoli et al., 2015), namely that the model is accurate only for rather dilute systems 

(ԑ>0.7). 

A modification to Gunn (Gunn, 1978) to improve the accuracy was suggested by Deen et 

al. (Deen et al., 2012; Deen et al., 2014) and more recently by Sun et al. (Sun et al., 2015; 

Tenneti et al., 2013). These recent studies considered refitting the (Gunn, 1978) model 

using results of direct numerical simulation (PR-DNS) for monodisperse particle beds. 

Semi-periodic box setups were used to extract Nusselt numbers over a wide range of 

porosities for Reynolds numbers up to 100. Random particle arrangements inside the 

periodic boxes were used for the particle resolved DNS.  

3.1.2 Meshing Strategies 

The PR-DNS setup requires a three-dimensional particle packing, which (i) has to be 

meshed with sufficiently small body-fitted computational cells, or (ii) which requires the 

usage of some flavor of the immersed boundary method (Blais et al., 2016; Derksen, 

2014; Uhlmann, 2005). The former route (i.e., the generation of a body-fitted mesh) is 

often preferred in non-moving systems. This is due to the fact that a higher spatial 

resolution can be realized at identical cell count. Consequently, in what follows we 

exclusively focus on such a “body-fitted” approach. 

The first step in such an approach is the generation of a realistic particle arrangement 

which can be used in the PR-DNS. This is often accomplished using the Discrete Element 

Method (DEM), originally introduced by (Cundall and Strack, 1979). Generating a 

packed bed using DEM results in many instances of very close proximity or slight overlap 



Heat and mass transfer in gas-solid packed beds 

 

 

60  Singhal - April 2018 

 

of particles with each other or with the walls of the reactor. This is not a favorable 

phenomenon, leading to very acute angles in regions of very close proximity or slight 

overlap. Such acute angles lead to skewed cells causing convergence problems. In 

literature many methods have been introduced to overcome this problem. 

The most common method available to deal with the particle proximity problem is to 

shrink the particles in the packed bed by a certain value and hence reduce the degree of 

proximity between particles. For example, (Bai et al., 2009) used the particle bed with 

1% shrinking, (Atmakidis and Kenig, 2009) preferred to shrink the particles by 2%, while 

(Dixon et al., 2007) reduced the particles by 0.5% to avoid contact. This is an easy 

method, but significantly affects the porosity of the bed.  

The method suggested by (Guardo et al., 2004) involved increasing the particle size by a 

certain value. This converts the contact points to contact areas, which is a way to decrease 

the skewed cells. This method then requires accounting for the change in the porosity and 

pressure drop. (Kuroki et al., 2009) suggested a method to join the particles by a cylinder 

if the distance between the particles decreases a predefined value. This method accounts 

for the correct prediction of pressure drop; however, the overall porosity of the bed 

becomes affected. This would have a smaller effect on porosity than shrinking or 

enlarging the entire particle.  

(Eppinger et al., 2011) described a method to avoid the problems due to close proximity 

and overlapping of particles and particle-wall: the particle surfaces can be flattened 

locally in case the distance between the surfaces is below a predefined value. The surface 

flattening is done by moving the vertices of the elements of particle surface meshes in 

close proximity following the strict order that the predefined minimum distance is 

maintained. The method avoids the problem of skewed cells while minimizing the effect 

on the bed porosity, but is more complex to implement than other methods.  

An overview comparison for the change in porosity and pressure drop was conducted by 

(Dixon et al., 2013) for all contact point modification methods available in literature.  

Local modification of the bed was preferred over overall modification, with a better 

approximation for porosity and pressure drop using the caps and bridge methods.  

Maestri et al. (Rebughini et al., 2016) suggested that, out of the two local modification 

methods available for the packed bed according to (Dixon et al., 2013), the bridge method 



 

 

 

Singhal - April 2018   61 

 

was more accurate. It depicts better porosity approximation, pressure drop, and heat 

transfer in random packed beds.  

3.1.3 Goals 

The methodology presented in our current contribution can avoid problems due to close 

proximity and overlapping of particles. Our methodology can be applied to either the caps 

or bridge method described in (Dixon et al., 2013), depending on whether small 

cylindrical volumes are subtracted or added in regions of close proximity or slight overlap 

between adjacent particles. The method implemented by us is different from (Eppinger et 

al., 2011), and is simpler in application, since the particle-particle and particle-wall 

contact is removed before meshing the geometry unlike the latter in which the treatment 

is dependent on moving the nodes of the mesh to create a gap. This work validates the 

caps method part (Section 3.3.3) of the local bed modification for the change in porosity 

and heat transfer in realistic packings of spherical particles.  

The grid independence in these packing is depicted in this work (Section 3.3.1). Also, to 

gain confidence in the model, multiple arrangements of the packed bed are simulated, and 

the statistics (i.e., mean and variance) of the heat transfer coefficient are studied. The 

validity of the available model correlations for heat transfer in the literature is tested and 

documented for the solution of realistic packed bed of mono-disperse particles. 

 Methodology 

3.2.1 Bed Geometry and Mesh Generation 

The particle bed is generated using the DEM (Discrete Element Method) using the 

commercial CFD package ANSYS FLUENT and Design Modeller. The particles are 

injected at the top of the cylindrical container where they start accelerating downwards 

under gravity. After 25 s of motion due to particle-particle collisions, particle-wall 

collisions and gravity, the particles reach an equilibrium position with relative velocity 

between them approximately zero. Subsequent to the DEM simulation, the locations of 

the settled particles are exported from ANSYS FLUENT. Then, with the help of a Python 

script, the particle locations are converted into a complete geometrical description in 
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Design Modeler. More details related to the DEM-based simulations are given in Section 

3.2.2.1 and Table 9. 

Table 9: DEM simulation setup  

Parameters Value 

Number of particles 1,800 

Diameter of the particles (dp) (m) 0.001 

Particle normal force Spring Dashpot for DEM  
 

K = 250 
η = 0.9 

Particle tangential force parameter for DEM  
(“friction-dshf” model in FLUENT (ANSYS, November 2013)) 

𝜇𝑠𝑡𝑖𝑐𝑘= 0.5 
𝜇𝑔𝑙𝑖𝑑𝑒=0.2 

𝜇𝑙𝑖𝑚𝑖𝑡= 0.1 
 

Time step (s) 5.10-5 

Gravity (m/s2)  -9.81  

 

The final geometry as extracted from the DEM-based simulation is shown in Figure 3.1. 

In this way, the effects on the DEM packing due to the container walls can be reduced 

(Boccardo et al., 2015). A small gap (Figure 3.6) is created between particles which are 

overlapping or in close proximity in order to prevent highly skewed cells. The effect of 

this geometry modification is thoroughly investigated in Section 3.3.3. In addition, a 

small volume (thickness of dp/12.5) as shown in Figure 3.1 is added around the extracted 

region in order to avoid sharp angles between sliced particles and the walls of the 

extracted geometry. The presence of possible wall effects in the final geometry are 

discussed in detail in Section 3.3.5.  

Ideally, the PR-DNS simulations would be carried out in a geometry with periodic 

boundary conditions instead of walls. However, given the lack of wall effects 

demonstrated in Section 3.3.5, the presented method is preferred because it conveniently 

allows for the creation of a high quality body-fitted mesh over the realistically packed 

spherical particles. A body-fitted mesh allows for local refinement on the particle surfaces 

and in regions of close particle proximity – an important advantage given the very small 

cell sizes required to achieve grid independent solutions in a realistically packed particle 

assembly (see Section 3.3.1). This method also avoids the computational overheads 

associated with fictitious domain or immersed boundary methods that are considered 

suitable for fully periodic PR-DNS simulations. For these reasons, the cylindrical cut-out 

geometry is preferred over a fully periodic domain for this study.  



 

 

 

Singhal - April 2018   63 

 

 

Figure 3.1. Rendered final geometry (right panel) extracted from the packing of spheres 
contained in the cylindrical container (left). The coordinate system shown is followed 
while extracting the geometry (Rendered extract). 

The resulting fluid geometry is meshed with tetrahedral elements using ANSYS Meshing. 

Flow around the particles is to be resolved for the Direct Numerical Simulation (DNS); 

therefore a grid resolution of dp/60 is used on the particle surfaces, while a 20% cell 

growth rate is allowed away from these surfaces. A grid independence study is presented 

in Section 3.3.1. 

3.2.2 Simulations Setup 

3.2.2.1 Model equations 

The conservation equations of continuity, momentum, and energy for steady-state flow 

of an incompressible Newtonian fluid are as follows: 

 

∇ ∙ 𝑢⃗ = 0 
 

(7) 

 

∇ ∙ (𝜌𝑢⃗ 𝑢⃗ ) =  −∇𝑝 −  𝜇∇2𝑢⃗  (8) 

∇ ∙ (𝑇𝑢⃗ ) = 𝐾𝑓/(𝜌𝐶𝑝) ∇
2𝑇 

 

(9) 

Steady DNS was accurate in this case since no transient fluctuations occur in flow in 

between the particles in the packed bed (this is discussed in more detail in Section 3.3.2). 

Therefore, the steady state assumption provides a computationally cheaper solution to the 

heat transfer problems. ANSYS FLUENT is used to solve the heat and fluid flow around 
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the particles in the bed. The phase-coupled SIMPLE algorithm with 2nd order spatial 

discretization schemes are used to obtain the solution.  

Newton’s equation of translational motion was solved when performing the DEM-based 

simulations as shown below. Rotational particle motion was not considered in the present 

work, however, tangential forces have been considered in the force balance. 

𝑚𝑝

𝑑𝑣

𝑑𝑡
=  𝑚𝑝𝑔 + ∑(𝐹𝑝,𝑖,𝑛

𝑗

𝑖=1

+ 𝐹𝑝,𝑖,𝑡) 
(10) 

3.2.2.2 Boundary conditions and Simulation Parameters  

The cylindrical rendered geometry contains a velocity inlet and a pressure outlet. A no-

slip wall boundary condition with zero heat flux is implemented as shown in Figure 3.1. 

Thus, we consider a cylindrical sub-region of a packed bed with “rough” cylindrical walls, 

and do not allow for in- or outflow across the cylinder side walls. The no-slip condition 

was selected to limit flow in the small regions between the sliced particles and the wall, 

thus limiting unphysical heat transfer from the sliced particle surfaces. Table 10 

summarizes all the flow properties used for the CFD simulations.   

Table 10: Parametric flow properties for CFD simulation 

Parameter  Value 

Dynamic Viscosity (µ) (kg/ m s) 1.10-5 

Density of the fluid (ρ) (kg/m3) 1 

Thermal conductivity (k) (W/m K) 0.01 

Range of Prandtl numbers 1; 0.75; 0.50 

Range of Reynolds numbers 9-180 

Temperature of Inlet (K) 473 

Temperature of particles surface (K) 573 

 

The method of computing the local fluid temperature is important because it directly 

affects the calculated heat transfer coefficient. The correct way of calculating the heat 

transfer coefficient is to compute the fluid temperature over several surface planes in the 

direction perpendicular to the flow as described by Deen et al. and Sun et al. (Deen et al., 

2012; Deen et al., 2014; Sun et al., 2015; Tenneti et al., 2013). We have used in total of 

25 surface planes (distance of dp/5 between planes) in a way that the results are 
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independent of the number of planes (e.g., left panel in Figure 3.5). The average heat 

transfer coefficient (h) in the bed is calculated based on the local driving force Fln (Eq. 

(12)) and the particle surface area per unit volume (ap = 1- 6∙ԑ/dp) calculated based on the 

average porosity (ԑ) over all planes as shown in Eq. (11). The expression d(Fln)/dx ((Eq. 

(11)) is computed as the gradient of the linear decrease in the driving force (Fln) with the 

axial coordinate of each plane as shown in Figure 3.5 (left).  To remove any possible inlet 

and outlet effects, two planes from the inlet and also from outlet are neglected in the 

calculations. The average bulk fluid temperature used in Eq. (12) is calculated from Eq. 

(13) according to the cup-mixing assumption (Deen et al., 2012; Deen et al., 2014). 

Subsequently, the average Nusselt number in the cylindrical region can be computed 

following Eq.  (14).  

ℎ =

𝑑(𝐹𝑙𝑛)
𝑑𝑥
𝑎𝑝

∙ 𝑢𝑠𝜌𝐶𝑝 

(11) 

𝐹𝑙𝑛 = 𝑙𝑛 [
(𝑇𝑝 − 𝑎𝑣. (𝑇))

(𝑇𝑝 − 𝑎𝑣. (𝑇0))
] 

(12) 

𝑇𝑏𝑢𝑙𝑘 = 𝑎𝑣. (𝑇) =
∫(𝑢. 𝑒𝑧)𝑇 𝑑𝐴 

∫(𝑢. 𝑒𝑧) 𝑑𝐴
 

(13) 

𝑁𝑢 = ℎ ∙ 𝑑𝑝/𝐾𝑓  (14) 

 Results and Discussion 

The steps followed to verify the accuracy of the proposed method are listed in this section 

and the major findings obtained are elaborated as well.  

3.3.1 Grid Dependency Study  

To obtain a grid-independent solution for heat transfer in the geometry shown in Figure 

3.1 a thorough study was conducted. Simulations were carried out at the highest Reynolds 

number considered (i.e., Rep = 144) with Prandtl number Pr = 1, since this case is expected 

to require the finest mesh.  
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Figure 3.2. Grid independence for heat transfer in arrays of spherical particles as a 
function of particle surface mesh resolution. Variation for random packing (ε =0.7) and 
Re=144 [left] and realistic packing (ε =0.35) and Re=144 [right] respectively.  

Figure 3.2 shows the variation of Nusselt number with particle surface mesh resolutions 

for the heat transfer in static arrays of spherical particles. Most important, always random 

particle arrays with ε > 0.6 were studied in the previous works of Deen et al. and Sun et 

al. (Deen et al., 2012; Deen et al., 2014; Sun et al., 2015; Tenneti et al., 2013) for obtaining 

their correlations. Figure 3.2 suggests that grid independence for such packing can be 

achieved quite easily, and a resolution of approximately dp/30 is enough to approach the 

infinite-resolution asymptote. It is evident from Figure 3.2 that the grid independence for 

denser packings (ε < 0.4) is achieved on a much finer grid. Thus, these more dense 

packings required a dp/60 mesh resolution to produce grid independent results. This rather 

fine grid resolution is used for the following work in this paper.  

Figure 3.3 shows the associated cost of refinement in terms of number of cells for grid 

independence in realistic packings. We speculate that the reason for this difference in grid 

independence is the development of a rather thick fluid layer around the particles that is 

in thermal equilibrium with the particles in beds with a porosity ε > 0.6. This thick layer 

is rather easy to resolve, and hence a grid independent solution can be obtained quite 

easily. On the contrary, when dealing with denser packings (i.e., ε < 0.4), such a thick 

boundary layer cannot develop due to locally high fluid velocities, and the (in general) 

smaller size of the voids. 
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Figure 3.3. Increase in the number of cells in the mesh to refine the resolution in 
realistic packings (ε =0.35) and Re=144. 

3.3.2 Steady versus Transient Simulation 

Transient DNS are an extremely costly method to obtain the solution for heat transfer 

problems. Therefore, for the geometry of packed bed studied, we investigated to find the 

presence of transient effects and thus have Steady DNS as an alternative.  

The meshed geometry with mesh resolution (dp/60) (Section 3.2.1; Section 3.3.1) is 

simulated with the setup given in Table 10 at a Reynolds number of Rep = 144 and Prandtl 

number of Pr = 1. Transient DNS with time step (1.05e-06  s) to maintain a Courant number 

(< 1) was simulated for 0.025s i.e. 36∙dp/us in terms of characteristic flow time, and the 

maximum velocity of the flow through the packing was monitored to see if any transient 

velocity fluctuations are present. Figure 3.4 shows that the flow becomes steady after 

0.005s in the flow time and the transient effects can be considered negligible in the studied 

geometry.  

The Nusselt number was also calculated periodically over the simulation time to show 

that no transient variations in heat transfer are observed (Figure 3.5). The Nusselt number 

from the transient simulation was within 1% from the steady state simulation. 
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Figure 3.4. Maximum velocity (left) and minimum velocity (right) variation of the flow 
in the Transient DNS simulation through the final geometry (Section 3.2.1) at Re 144 and 
bed porosity (ԑ = 0.35) 

 

Figure 3.5. Variation of the data from function (Eq. (12)) with the axial distance of the 
planes perpendicular to the flow for computing the Nusselt number (Deen et al., 2012) 
(Section 3.2.2.2) [Left]. Nusselt number obtained over different flow time to mark the 
converged solution [Right]. 

3.3.3 Caps size study 

Generating packed bed by DEM (Section 3.2.1) results in many instances of close 

proximity between particles as shown in Figure 3.6. To overcome this problem, a small 

cylindrical geometry is used to cut the particles at the point of contact in order to avoid 

regions of close proximity or slight overlap with minimal impact on the overall geometry 

(volume error of 0.05%). A Matlab code is used to identify particle pairs which are located 

sufficiently close together to create meshing problems. A cylinder aligned with a straight 
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line connecting the two particle centres is then specified (diameter, height and orientation) 

for each of these particle pairs. Figure 3.6 shows a typical result from this operation. 

 

Figure 3.6. The particle bed generated by DEM (above) with problematic regions of 
close proximity removed (below). 

The length of the cylinder is chosen to allow for easy meshing of the geometry while 

minimizing effects on the packing porosity. As shown in Figure 3.7, the effect of the 

cylinder length on bed porosity is negligible when the length is smaller than dp/50. Figure 

3.7 also shows that model predictions of heat transfer rate (Nu) are sufficiently accurate 

for a cylinder length of dp/50 (within 2%). A small change in the Nusselt number is still 

observed when reducing the cylinder length to dp/66.6. However, the mesh quality started 

to decrease significantly for these very small gap sizes.    
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Figure 3.7. Variation of Nusselt number with the cylinder length or caps size (left) and 
the effect of caps size on the overall packed bed porosity (right). 

3.3.4 Particle statistics 

It is possible that 100 particles are insufficient to obtain a reliable measure of the heat 

transfer coefficient in an infinitely large packed bed. For this reason, four additional 

arrangements of 100 particles were extracted from the initial settled particle array (i.e., 

from the left panel of Figure 3.1) to quantify the variation of the Nusselt number extracted 

from different particle arrays. Simulations were carried out over a range of Reynolds 

numbers for all five geometries and the mean and 95% confidence intervals were 

calculated for each Reynolds number. 95% confidence intervals (mean ± 1 standard 

deviation) were calculated from the standard error (SE) as follows: 

𝑆𝐸 = 2.776
𝑆𝐷

√𝑛
 

(15) 

Here, SD is the sample standard deviation and n is the number of samples (5 in this case). 

The mean Nusselt number and 95% confidence intervals over a range of Reynolds 

numbers are represented in Figure 3.8. It is clear that a significant level of variation in the 

calculated Nusselt number between the different particle arrangements exists. It is 

therefore important to quantify this uncertainty, something which has not been considered 

in previous PR-DNS studies.  
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Figure 3.8. Statistically averaged Nusselt number variation over different Reynolds 
number with the 95% confidence interval. 

3.3.5 Wall Effects 

Reactors with a small value of N (ratio of reactor diameter to particle diameter (D/dp)) 

are believed to be dominated by the wall effects which can affect the heat transfer rate. 

Therefore, the development of consistent correlations for heat transfer becomes more 

difficult. (Dixon, 1997) suggested that wall effects are significant when N is smaller than 

4. As discussed in Section 3.2.1, the geometry used in the present contribution is a small 

sub-region extracted from a much larger DEM-generated packed bed in order to avoid 

the effects due to the reactor walls. Most importantly, the extracted geometry will avoid 

the significant fluctuations of the void fraction close to the walls of a regular packed bed. 

As a result, the final geometries will have uniform radial porosity as presented in Figure 

3.9 (left). Also, Figure 3.9 (right) shows no clear influence of the boundary conditions at 

the cylinder wall on the velocity field. However, some wall effects may still be present 

because the flow is constrained at the walls of the extracted geometry and a small volume 

(thickness of dp/12.5) is added on the outside of this geometry to avoid highly skewed 

cells. These effects were investigated by excluding increasing fractions of the domain 

from the walls inwards in the calculation of the Nusselt number (Figure 3.10 (right)). In 

practice, this implied progressively smaller diameters of the planes (perpendicular to the 

flow) on which the cup-mixing temperature is calculated (Deen et al., 2012) (Section 

3.2.2.2).  



Heat and mass transfer in gas-solid packed beds 

 

 

72  Singhal - April 2018 

 

 

Figure 3.9. Local porosity radial profiles [Left]; Local axial velocity radial profiles [Right] 
in the geometry with number of particles excluded from the wall (at Re 144; Pr = 1) 
[arr1….arr5 refer to different particle arrangements]. 

 

Figure 3.10. Wall effects for the heat transfer studied in the geometry with the number 
of particle diameters excluded from the wall for a Reynolds number of 144 and Pr = 1 
[left panel; arr1 … arr5 refer to the different particle arrangements studied]. [Right] Slice 
through geometry of (arr2) at plane (y=0), showing the size of the radial planes studied 
for wall effects in the left panel. The monodisperse particles are cut unequally by the 
plane and therefore appear to be of different sizes.  

 

The first insight from Figure 3.11 is that the added volume is small enough to minimize 

seepage of the gas past the sliced particles. Figure 3.10 (right) represents the approx. sizes 

of the radial planes studied for wall effects in terms of the number of particles removed 

from the wall. The left-hand side of Figure 3.10 also shows a relatively small influence 

on the Nusselt number when excluding the added volume from the calculation. More 

importantly, however, the Nusselt number variation with the wall distance (particle 
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diameters) removed from the wall is different for each individual arrangement, making it 

evident that there is no systematic trend for wall effects. Thus, after removing the added 

volume part of the geometry for heat transfer calculations, the wall effects can be 

considered negligible. It is also clear that the variation between the five particle 

arrangements increases significantly as more volume is excluded from the calculation. 

For this reason, it is favorable to include multiple particle arrangements when developing 

Nusselt number correlations. This is to minimize uncertainty related to variation in the 

Nusselt number between different particle arrangements. Alternatively, one could simply 

use larger domains. However, this strategy requires wider (not longer) domains, since the 

temperature field approaches the particle temperature in the flow direction, again adding 

uncertainty when extracting the heat transfer coefficients. 

  

Figure 3.11. Velocity distribution (in m/s) for arr2 at plane (y=0) at Rep = 144 and Pr = 1 
in the direction of flow showing the added volume on the wall. 

3.3.6 Comparison with Correlations from Literature 

The arrangements mentioned in Section 3.3.4 considering the grid independence (Section 

3.3.1), caps-size (Section 3.3.3) and the wall effects (Section 3.3.5) are simulated using 

the simulation setup given in Table 10 and Table 11 with the steady state DNS over a 

range of Reynolds numbers (Re 9-180) and Prandtl number (Pr = 1). A typical fluid 

velocity (in the direction of flow) and Temperature distribution contour for one of the 

simulated arrangements is shown in Figure 3.12. 

Table 11: Final rendered geometry details used for the simulation 

Parameter  Value 
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Number of particles 100 (approx.) 

Diameter of particles (dp) (m) 1.10-3 

Diameter of the geometry (m) 4.8.10-3 

Height of the geometry (m)  4.8.10-3 

Mesh resolution (particle surfaces) dp/60 

Caps size  dp/50 

Average porosity of the bed (ε) 0.355 

 

 

Figure 3.12. Contour plot of fluid velocity (in m/s) and static Temperature (in K) in a 
plane parallel to the flow cut from one of the arrangements at Re = 144 and Pr = 1. 

 

The correlations most relevant to the comparison because of their nature of development, 

i.e. using the PR-DNS, are by Deen et al. and Sun et al. (Deen et al., 2012; Deen et al., 

2014; Sun et al., 2015; Tenneti et al., 2013). Figure 3.13 shows in general good agreement 

of the present simulation data with literature results. Results from this study are in the 

lower range of correlations from literature derived with experiments (Figure 3.13) (left). 

This result therefore suggests that heat transfer in rather dense packings (i.e., for which 

ε<0.4) is slower than that predicted by correlations which are more suited to more dilute 

packings (i.e., for which ε>0.6). The confidence intervals in this log-log plot also shows 

that the uncertainty related to variations between different particle arrangements increases 

substantially when decreasing the Reynolds number (in relative terms, i.e. percentage 

variation around the mean). In absolute terms, the variation in the Nusselt number 

decreases slightly with decreasing Reynolds number (see Figure 3.8 which is not plotted 

on a log scale).   
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Figure 3.13. Heat transfer variation (Nusselt number) with different Reynolds number 
averaged over five particle arrangements and comparison with the literature. The 
correlations more relevant to the comparison because of their overall validity are 
represented in the left panel. 

3.3.7 A New Heat Transfer Correlation 

Finally, simulations were run for all five different particle arrangements over six different 

Reynolds numbers (Re 9-180) and three different Prandtl numbers (Pr 0.5-1). These 

results were subsequently fitted in the form of the classical Gunn correlation (Eq. (16)).  

No void fraction dependency was included since very little variation in the void fraction 

exists in realistic packings of monodisperse spheres: the void fractions of the five particle 

arrangements considered in the present study varied over a range of 0.351-0.367 only. In 

order to capitalize on the generality of the Gunn correlation with respect to variations in 

Re and Pr, the coefficients (2.84 and 0.62) in front of the second and third terms of Eq. 

(16) were directly calculated from the original Gunn correlation at the average void 

fraction of the five particle arrangements (ε = 0.359). Two model coefficients (-2.15 and 

1.01 in Eq. (16)) were then fitted to the data. Since the second fitted coefficient is 

essentially equal to unity, it can be concluded that the Re and Pr dependency of the 

original Gunn correlation gives a good fit to the present data.  

𝑁𝑢 = −2.15(±1.48)

+ 1.01(2.84𝑅𝑒0.2𝑃𝑟1 3⁄ + 0.62𝑅𝑒0.7𝑃𝑟1 3⁄ ) 

(16) 

 

𝑁𝑢 = 2.67(±1.48) + 0.53𝑅𝑒0.77𝑃𝑟0.53 (17) 

Even though the correlation in Eq. (16) should benefit from the generality of the 

established Gunn correlation, two problems can be identified with extrapolating this 

correlation beyond the range of Re and Pr covered in this study. Firstly, as shown in 
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Figure 3.14, this correlation shows a small systematic deviation from the simulation 

results, i.e., an under-prediction at low and high Nusselt numbers and a slight over-

prediction at intermediate Nusselt numbers. Secondly, Eq. (16) indicates an unphysical 

limit for Re approaching zero, i.e., a negative heat transfer coefficient. Both of these 

issues imply that any use of this correlation outside the range of Reynolds and Prandtl 

numbers covered in this study may lead to significant errors.  

In response to these challenges with Eq. (16), a simplified heat transfer correlation was 

fitted in Eq. (17). This correlation produced an almost perfect fit to the simulation data 

(Figure 3.14) and achieved a physical limit for Re approaching zero. It is therefore 

recommended for use within or close to the range of Re and Pr covered in this study 

(typical gas-solid packed bed reactors), but cannot be recommended for conditions far 

outside this range (e.g., gas-liquid packed beds).  

The bracketed term in Eq. (16) and Eq. (17) represents the 95% confidence bound of this 

correlation (see Section 3.3.4). This confidence interval was calculated as the average of 

the standard errors from all 90 cases studied based on three different particle 

arrangements. The standard error was independent of the Prandtl number, but, as shown 

in Figure 3.15, it may be weakly dependent on the Reynolds number. However, this 

dependence is not strong enough to merit a more complex non-linear representation of 

the 95% confidence bounds.  

  

Figure 3.14. Observed (simulation) vs. predicted (model) values of the Nusselt number 
over all cases for the modified Gunn correlation (Eq. (16)) and the simplified correlation 
(Eq. (17)).  
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Figure 3.15. The average standard error over the three different Prandtl numbers for 
each of the six Reynolds numbers investigated in this study.  

 Conclusion 

Previous particle-resolved simulation studies considered arrays of randomly positioned 

particles, or regular particle arrays. Most important, these existing PR-DNS studies did 

not consider very dense particle ensembles, i.e., that having a porosity of less than 0.4. 

The results of these previous studies are therefore more applicable to fluidized bed 

applications than packed bed applications. This is an important limitation because, due to 

the larger particle size, gas-particle heat transfer is typically a much more important 

limiting factor in packed beds than in fluidized beds. This study therefore presents a 

methodology and heat transfer correlation focussing on densely packed beds of 

monodisperse spherical particles.  

The proposed methodology consists of the following steps: 1) the generation of a large 

realistic particle packing using the discrete element method (DEM), 2) extraction of a 

limited number of particles from the centre of the DEM packing to avoid wall effects and 

ensure randomness, 3) generation of a modified geometry accounting for small particle-

particle and particle-wall gaps, 5) generating a sufficiently fine body-fitted computational 

mesh of high quality (i.e., low skewness), 6) conducting PR-DNS simulations over a 

range of important parameters, 7) processing the results to extract the Nusselt number for 

each simulation, and 8) fitting an improved heat transfer correlation.  

This method of extracting a number of particles from the centre of a large DEM packing 

is preferred over the conventional periodic box approach in order to facilitate the use of 
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a high quality body-fitted mesh. A body-fitted mesh allows for local refinement on the 

particle surfaces (greatly reducing the required number of computational cells) and also 

avoids the computational overhead associated with fictitious domain and immersed 

boundary methods that are better suited to periodic box simulations. Given that the wall 

boundary conditions of the extracted cylindrical geometry were proven not to impact the 

calculated Nusselt number, this method is preferred over the periodic box approach in 

this study.   

Great care has been taken to ensure the validity of the methodology. A grid independence 

study revealed that the realistic packing required a much finer grid (i.e., dp/60) than a 

random particle array at higher void fraction (i.e., dp/30). The introduction of a gap of 

dp/50 between all particles was found to be sufficient to ensure a high quality mesh, while 

showing almost no effect on the bed porosity and calculated Nusselt number. It was also 

confirmed that no transient velocity fluctuations took place within the narrow channels 

created by the realistic packing, thus allowing the use of much less computationally costly 

steady-state simulations.  

Results also showed that significant differences in Nusselt number exist between different 

particle assemblies (~100 particles) extracted from the large realistic DEM packing. It is 

therefore important to quantify this uncertainty when deriving correlations as 

demonstrated in the present contribution. The average Nusselt numbers calculated in the 

present study fall in the lower range of existing correlations with only the lower 95% 

confidence interval falling below all previous correlations. Most important, we find that 

a different exponent to the Prandtl number (compared to that of Gunn) leads to a 

substantially better fit of our data for systems in which 0.5 < Pr < 1.  

Specifically, we propose the following correlation for heat transfer from monodisperse 

particles in densely packed beds where the fluid phase is a gas (the bracketed term 

represents the 95 % confidence bounds) 𝑁𝑢 = 2.67(±1.48) + 0.53𝑅𝑒0.77𝑃𝑟0.53. Further 

work is required to extend this correlation to liquid-solid systems. 

Author Contributions: Arpit, Schalk & Stefan conceived the idea. Arpit designed, and 

performed the simulations; Rosa Quinta-Ferreira and Shahriar Amini supervised the 

work; Arpit Singhal wrote the paper.  

Arpit Singhal (Sign) 
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4 HEAT TRANSFER TO GAS 

THROUGH PACKED BED OF 

CYLINDRICAL PARTICLES 

Abstract 

Particle resolved direct numerical simulation (PR-DNS) has been used extensively to obtain 

closures for heat transfer from static particle arrays. However, most of the currently available 

closure models are valid for packings of spherical particles only. We present closure models for 

momentum and heat transfer in densely packed cylindrical particle assemblies of different 

aspect ratios (2, 4 and 6).  Our packings are generated using the Discrete Element Method 

(DEM). Subsequently, the void space is meshed with a high quality computational grid, and 

steady-state DNS simulations are completed to provide insight into the local heat transfer and 

pressure drop characteristics. The variation observed in the values for the local heat transfer 

rates from our PR-DNS study implies the necessity of specifying confidence intervals when 

reporting a correlation for the corresponding Nusselt number. Our newly developed 

correlations are applicable to densely packed beds of cylindrical particles in the porosity range 

(0.405 < ԑ < 0.539), and allow the estimation of the variability of the Nusselt number. 

 

 

 

 

 

 

 

ℹ This chapter is based on Arpit Singhal, S. Cloete, S. Radl, R.Q. Ferreira, S. Amini, 

Heat transfer to a gas from densely packed beds of cylindrical particles, Chemical 

Engineering Science, 172 (2017), pp. 1-12 
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Nomenclature  

Symbols 

𝑎 Cylindrical particle aspect ratio (𝐿𝑝/𝑑𝑝)  

𝑎𝑝 particle-fluid heat transfer surface per unit volume (ap = ((2 + 4 a) ∙ (1 - ԑ)/(dp a)) (1/m) 

Cp Specific heat capacity of fluid (J/kg K) 

de Equivalent diameter of the particle (m) 

dp Diameter of the cylindrical particle (m) 

D Diameter of the reactor (m) 

𝑒𝑧 Vector in z-direction 

g Gravity (m/s2) 

ℎ Heat transfer coefficient (W/m2K) 

𝐼𝑝  Moment of Inertia (kg . m2) 

 j Particle index 

Kf Thermal conductivity of fluid (W/ m K) 

𝐾𝑛 Normal spring stiffness (N/m) 

𝐾𝑡 Tangential spring stiffness (N/m) 

𝐿𝑝 Length of the Cylindrical Particle 

mp Mass of the particle (kg) 

N Ratio of diameter of reactor to diameter of the particle (𝐷/𝑑𝑒) 

Nu Nusselt number  

∆𝑃 Pressure drop across the packed bed (Pa) 

Pr Prandtl number (𝜇 𝐶𝑝/𝐾𝑓) 

𝑟 Rolling resistance coefficient 

Re Reynolds number (𝜌 𝑢𝑠 𝑑𝑒/𝜇) 

𝑇 Static temperature of the fluid (K) 

𝑇𝑝 Particle surface temperature (K) 

𝑇𝑏𝑢𝑙𝑘  Bulk fluid temperature (K) 

𝑢𝑠 Superficial velocity of the fluid (m/s) 

𝑢𝑧 Velocity of the fluid in Z-direction (m/s) 

v Velocity of the particles for DEM (m/s) 

𝑑𝑉 Volume in the region of interest (m3) 

Greek 

ԑ Porosity (void fraction) 

𝜇𝑓

𝑒𝑛

𝑒𝑡

} 
DEM contact model parameters 
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  Density of fluid (kg/m3) 

𝜔𝑝 Angular velocity (rad/s) 

𝜏 Torque force (N . m) 

μ Viscosity of fluid (kg/ m . s) 

𝜑𝑝→𝑓 Heat flux from fluid to particles (W/m2) 

Vectors: 

𝑢⃗  Fluid velocity (m/s) 

𝑔  Gravity (m/s2) 

Subscripts: 

p particle 

f fluid 

n normal 

t tangential 

Operators: 

∇ Gradient operator (m-1) 

∇. Divergence operator (m-1) 

∇2 Laplace operator (m-2) 

𝑑

𝑑𝑡
 

time derivative (s-1) 

 Introduction 

There are multiple applications in the chemical and process industry of packed bed 

reactors, ranging from separators to heat exchangers.  Therefore, it would not be difficult 

to find extensive research devoted to study heat and momentum exchange in packed bed 

reactors. However, the majority of the available literature for heat transfer in packed beds 

is concerned with particles spherical in shape. Unfortunately, this is often problematic: it 

has been established that in some applications like biomass combustion the shape of the 

particles is a major factor influencing the combustion process (Bonefacic et al., 2015). 

Similarly, in pharmaceutical applications or heterogeneous catalytic reactors, non-

spherical particles (often cylindrical in shape) are preferred.  

There are studies available in literature to evaluate the correct pressure drop in the 

cylindrical packed beds. The Carman-Kozeny (Carman, 1956) approximation laid the 

foundation towards the use of an effective diameter when calculating the pressure drop 

using the Ergun equation (Ergun, 1952). Following the work of (Carman, 1956), (Nemec 
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and Levec, 2005) concluded that the constants of the Ergun equation should be modified 

as a function of the particle size rather than just using the effective diameter. (Dorai et al., 

2015) recently corrected the prediction of (Nemec and Levec, 2005) for viscous flows 

(stokes regimes). Similarly, the drag force exerted on a single particle has also been 

evaluated extensively for non-spherical particles. An evaluation of the methods available 

to compute drag were presented in (Chhabra et al., 1999), suggesting the model by 

(Ganser, 1993) to be the most accurate one to calculate drag in cylindrical particles. More 

recently, the work of (Oschmann et al., 2014) combined the works of (Ergun, 1952)/(Wen 

and Yu, 1966) with the model of (Hölzer and Sommerfeld, 2009) for isolated particles. 

This study, however, only applied a drag correlation, to establish or check accuracy. 

To predict the heat transfer rate in packed beds, there exist several correlations in 

literature. To our knowledge, the most appropriate closure models are based on 

experimental and analytical data, as proposed by, (Handley and Heggs, 1968), (Wakao et 

al., 1979), (Khan et al., 1991), (Gnielinski, 1978), (Achenbach, 1995) and (Gunn, 1978). 

(Mehrabian et al., 2014) demonstrated the variation of these experimental correlations 

relative to each other based on the parameters that affect forced convection namely (i) 

Prandtl number, (ii) Reynolds number, (iii) N value, (iv) porosity of the bed, (v) surface 

roughness (particles’), and (vi) local flow conditions.  

The effect of packing structure on heat transfer and pressure drop predictions was first 

observed by (Handley and Heggs, 1968). Further, (Romkes et al., 2003) and (Calis et al., 

2001) studied heat transfer in structured packings of spherical particles. (Yang et al., 

2010) reported that the heat transfer in structured packed beds can be improved 

tremendously by selecting appropriate particle shape and packing structure. These studies 

indicate that the heat transfer characteristics are strongly affected by the flow structure 

around the particles, thus the particle shape and orientation can strongly affect the heat 

transfer rate.  

With the development in the field of Direct Numerical Simulations (DNS), PR-DNS 

(Particle Resolved DNS) has become an attractive method to improve predictions of flow, 

heat transfer and reactions in packed beds. The most straight-forward application of PR-

DNS directly simulates a small region within the process at a single operating point, often 

considering reactions (Eppinger et al., 2016; Karthik and Buwa, 2017; Maestri and Cuoci, 

2013; Nijemeisland et al., 2004; Partopour and Dixon, 2017; Wehinger et al., 2015; 
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Wehinger et al., 2017). Somewhat more elaborate studies (Mirhashemi and Hashemabadi, 

2012; Mirhashemi et al., 2011; Motlagh and Hashemabadi, 2008; Zare and Hashemabadi, 

2013) considered orderly stacked cylindrical particles, which are, however, less relevant 

for industrial applications that typically involve randomly-packed particles. In summary, 

these previous studies are (i) less helpful to establish closures that are valid over a larger 

parameter range, and (ii) provide only limited insight in what affects, e.g., local heat 

transfer rates in real-world dense packed beds of cylindrical particles, which motivates 

the presented work.  

Therefore, the ultimate goal is to derive closures based on a sound theoretical 

understanding and an appropriately large set of experimental or computational data. 

Studies following such an idea, and that focus on wall and shape effects, have a long 

tradition and date back to the early work of (Dixon, 1988). More recently, a modification 

to Gunn’s correlation (Gunn, 1978) (which is valid for dilute systems with ԑ > 0.7 as 

reported by (Tavassoli et al., 2015)) has been suggested by (Deen et al., 2012; Deen et 

al., 2014), as well as by (Sun et al., 2015; Tenneti et al., 2013). These recent developments 

used PR-DNS using monodisperse spherical particles to refit the constants in Gunn’s 

correlation to improve the accuracy of the correlation. The validity of these correlations 

is limited to packed and fluidized beds with a rather large porosity (i.e., ԑ > 0.5). Hence, 

a new PR-DNS-based correlation valid for denser (and hence more realistic) packed beds 

has been suggested in our previous work that considered spherical particles (Singhal et 

al., 2017f).  

To the best of our knowledge, the only systematic PR-DNS study that focussed on 

establishing a rigorous heat transfer closure for non-spherical packings is that of 

(Tavassoli et al., 2015). They used PR-DNS to study the flow and temperature fields in a 

bed of spherocylinder particles and computed the average heat transfer coefficient as a 

function of Reynolds number, porosity and particle shape (Tavassoli et al., 2015). These 

authors suggested that their work is applicable to fluidized bed as the particles are not in 

contact with each other like in the case of denser (i.e., more realistic) packed beds.  

Therefore, our present study is the only one focussed on systematically exploring shape 

effect on heat transfer rates in realistic, densely packed beds of cylindrical particles. 

Specifically, we have structured our present contribution as follows: in Section 4.2 we 

summarize our research methodology, including the bed geometry and the simulation 
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setup. A grid independence study considering cylindrical packings is discussed in Section 

4.3.1. In Sections 4.3.2 to 4.3.4 we then work towards validation of our simulation results. 

Then, and in order to present an accurate model, multiple arrangements of the cylindrical 

packings are simulated similar to the last work (Singhal et al., 2017f) to obtain the 

statistically (i.e. mean and variance) averaged heat transfer coefficient. Sections 4.3.5 to 

4.3.7 of our manuscript document new findings for pressure drop, and Nusselt number. 

Finally, we conclude in Section 4.4. 

 Methodology 

4.2.1 Bed Geometry and Mesh Development 

The cylindrical particle bed is generated using the commercial DEM (Discrete Element 

Method) package integrated in the software tool “STAR CCM+ 11.02”. The particles 

settle under gravity with the relative velocity between them approx. zero after 60 s of the 

random motion due to particle-particle and particle-wall collisions. Following the DEM 

simulation, the settled particle locations are exported from Star CCM+ and regenerated 

as a complete geometrical depiction in the tool “ANSYS DesignModeler” to ascend the 

established methodology portrayed in our previous work (Singhal et al., 2017f). Star 

CCM+ is used because of its validated DEM capabilities to generate cylindrical packings, 

while ANSYS FLUENT is only capable of performing DEM-based simulations with 

spherical particles. This step of the transformation from Star CCM+ to ANSYS 

DesignModeler is attainable with the help of a python script. 

The dimensions of the cylindrical particles are obtained for aspect ratio (a = Lp/dp) of 2, 

4 and 6 by preserving the effective diameter (de) as 1.10-3 m. The effective diameter (de) 

is defined as the diameter of the spherical particle (Singhal et al., 2017f) with the same 

volume as the cylindrical particle (Doraia et al., 2012; Tavassoli et al., 2015). The details 

of the setup for the DEM simulations are given in Section 4.2.2.1 and Table 12.  

Table 12: DEM simulation setup for cylindrical particles of aspect ratio four in Star CCM+ 

Parameters Description Value 

Number of Particles  2,017 

Particle Dimensions (m) Length of the Cylindrical Particle (Lp) 
Diameter of the Cylindrical Particle (dp) 
Effective Diameter of the particles (de ) 

2.201.10-3 
5.503.10-4 
1.10-3 

Aspect Ratio of a cylindrical   4 
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particle   (Lp/dp) 

DEM Contact Model (Linear Spring) Static Friction Coeff. 
Normal Restitution Coeff. 
Tangential Restitution Coeff. 
Normal Spring Stiffness 
Tangential Spring Stiffness 

𝜇𝑓 = 0.4 

𝑒𝑛 = 0.8 
𝑒𝑡 = 0.8 
𝐾𝑛= 300,000 N/m 
𝐾𝑡= 300,000 N/m 
 

DEM Rolling Resistance Force Proportional 𝑟 = 0.001 
 

Time step (s)  1.10-4 

Gravity (m/s2)   -9.81  

 

The final rendered geometry as shown in Figure 4.1 is obtained from the central region 

of the DEM generated packed bed. The effects of the container walls can be effectively 

reduced and we obtain the bulk packing in this way (Boccardo et al., 2015; Caulkin et al., 

2009). The DEM contact model parameters in Star CCM+ as shown in Table 12 are kept 

at an extremely high value to avoid any possible overlap between the cylindrical particles. 

A small volume (thickness de/12.5) is added around the rendered geometry to avoid sharp 

angles between the sliced particles and the walls of the rendered geometry as shown in 

Figure 4.1. Wall effects in such an extracted geometry have been found to be negligible 

(Section 4.3.2 for details).  

 

Figure 4.1. Illustration of the raw packing (left panel) of aspect ratio four used to extract 
a representative cylindrical region (center panel), as well as the rendered final geometry 
(right panel) used in the flow simulations. 
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Three dimensional particle packings when used in PR-DNS studies require either (i) a 

geometry to be meshed with sufficiently resolved body fitted cells, or (ii) to utilize the 

immersed boundary method (Blais et al., 2016; Derksen, 2014; Uhlmann, 2005). In our 

present contribution, we have focused on the body fitted mesh with high spatial resolution 

of tetrahedral elements using ANSYS Meshing tool. In this way, the cell count is 

minimized through local grid refinement and the added computational overhead 

associated with the usage of immersed boundary methods is avoided.  

Specifically, direct Numerical Simulation (DNS) for the obtained rendered geometry 

requires the mesh to be resolved with at least de/60 resolution on the particle surfaces to 

obtain a sufficiently grid independent result for heat transfer problems (see Section 4.3.1 

for details).  A cell growth rate of 20% is followed subsequently from the particle surfaces 

to resolve the flow in the void space around them.  

4.2.2 Simulations Setup 

4.2.2.1 Model equations 

The steady-state conservation equations for the conservation of mass, momentum, and 

energy considering an incompressible Newtonian fluid are represented by following set 

of equations (Eq. (18)-(20): 

 

∇ ∙ 𝑢⃗ = 0 (18) 

∇ ∙ (𝜌𝑢⃗ 𝑢⃗ ) =  −∇𝑝 −  𝜇∇2𝑢⃗ + 𝜌𝑔  (19) 

∇ ∙ (𝑇𝑢⃗ ) = 𝐾𝑓/(𝜌𝐶𝑝) ∇
2𝑇 (20) 

As suggested in our previous work (Singhal et al., 2017f), steady state-DNS is found to 

be accurate for the geometries extracted by the method explained previously in Section 

4.2.1 and Figure 4.1 and the considered flow conditions. Thus, Steady DNS is used as a 

much cheaper alternative to transient DNS for the solution to heat transfer problems. The 

phase coupled SIMPLE algorithm with 2nd order spatial discretisation scheme 

implemented in ANSYS FLUENT is used to solve the heat and fluid flow around the 

particles in the geometry studied.  
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The DEM simulations are based on Newton’s equation of motion, and consider both 

normal and tangential forces as shown in Eq. (21). Rotational particle motion is 

considered as well, and the corresponding evolution equation for the angular momentum 

𝐼𝑝𝜔𝑝 is given by Eq. (22). 

𝑚𝑝

𝑑𝑣

𝑑𝑡
=  𝑚𝑝𝑔 + ∑(𝐹𝑝,𝑖,𝑛

𝑗

𝑖=1

+ 𝐹𝑝,𝑖,𝑡) 

(21) 

𝑑(𝐼𝑝𝜔𝑝)

𝑑𝑡
=  ∑(𝜏𝑝,𝑖

𝑗

𝑖=1

) 

(22) 

4.2.2.2 Boundary conditions and Simulation Parameters  

The cylindrical geometry incorporates a velocity inlet, a pressure outlet and a non-slip 

wall with zero heat flux to eliminate outflow across the cylindrical geometry wall as 

shown in Figure 4.1. The non-slip condition on the wall benefits in restricting the flow in 

a thin, ring-shaped region between the sliced particles and the wall (denoted as “added 

volume” in the right panel of Figure 4.1). In this way, we consider a cylindrical subsection 

or the bulk packing (Caulkin et al., 2009) of the bed with a uniform void fraction 

distribution in the radial direction as obtained from the DEM-generated packed bed. 

Moreover, our setup limits any unphysical heat transfer from the sliced particle surfaces. 

At the surface of the particles, a non-slip boundary condition with a fixed temperature of 

573 K is applied. The flow properties used in the CFD simulations are summarised in 

Table 13. 

Table 13: Parametric flow properties for CFD simulation. The flow properties are based 
on the range of dimensionless parameters in the PR-DNS study. 

Parameter  Value 

Dynamic Viscosity (µ) (kg/m . s) 1.10-5 

Density of fluid (ρ) (kg/m3) 1 

Thermal conductivity (k) (W/m K) 0.01 

Range of Prandtl numbers 1; 0.75; 0.50 

Range of Reynolds numbers 9-180 

Temperature of Inlet (K) 473 

Temperature of particles surface (K) 573 
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Obtaining a suitable method for calculating the fluid temperature is important as it 

impacts directly the prediction of heat transfer rate. The correct method used in 

calculating the local fluid temperature on planes perpendicular to the flow, and 

subsequently the heat transfer coefficient, is described by (Deen et al., 2012; Deen et al., 

2014; Sun et al., 2015; Tenneti et al., 2013). In total, 25 surface planes (with a distance 

of de/5 between the planes) are used following a similar methodology we have used in 

our previous work on monodisperse spherical particles (Singhal et al., 2017f). Two planes 

from the inlet as well as from the outlet are neglected in our present calculations to avoid 

inlet and outlet effects. The calculation of the average heat transfer coefficient (h) using 

the local driving temperature difference Fln (Eq. (23)) and specific particle-fluid heat 

transfer surface (𝑎𝑝) has been explicitly presented in earlier work (Singhal et al., 2017f). 

The average bulk fluid temperature represented by the cup-mixing assumption (Deen et 

al., 2014; Sun et al., 2015) is calculated from Eq.  (25), and the average Nusselt number 

can be subsequently obtained from Eq.   (26). 

ℎ =

𝑑(𝐹𝑙𝑛)
𝑑𝑥
𝑎𝑝

 𝑢𝑠𝜌𝐶𝑝 

(23) 

𝐹𝑙𝑛 = 𝑙𝑛 [
(𝑇𝑝 − 𝑎𝑣 (𝑇))

(𝑇𝑝 − 𝑎𝑣 (𝑇0))
] 

(24) 

𝑇𝑏𝑢𝑙𝑘 = 𝑎𝑣(𝑇) =
∫(𝑢 ∙ 𝑒𝑧)𝑇 𝑑𝐴 

∫(𝑢 ∙ 𝑒𝑧) 𝑑𝐴
 

 (25) 

𝑁𝑢 = ℎ 𝑑𝑒/𝐾𝑓   (26) 

 Results and Discussion 

4.3.1 Grid dependency study  

Grid dependence behaviour was studied by completing simulations with different grid 

resolutions at high value of Reynolds number (where grid dependencies are expected to 

be greatest). As shown in Figure 4.2, the results show the expected behaviour where the 

change in solution increases exponentially with each doubling of the cell size. 

Extrapolation of the fitted exponential growth function to an infinitesimally small cell 

size results in a Nusselt number of 20.64. This is 3.1% smaller than the Nusselt number 
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on the smallest cell size deemed affordable for completing the large number of 

simulations in this study (de/60). It is therefore important to note that results presented in 

this paper may over-predict heat transfer by up to 3.1% due to grid dependencies.  

 

Figure 4.2. Grid dependence behaviour for the variation of Nusselt number in arrays of 

cylindrical particles w.r.t. particle surface mesh resolution, simulated for a case at Re = 

144, Pr = 1, ԑ = 0.48 and a = 4. Symbols indicate simulation results and the line represents 

an exponential growth function : 𝑵𝒖 = 𝟐𝟎. 𝟔𝟒 + 𝒆𝒙𝒑(𝟏𝟐. 𝟏𝟔 + 𝟎. 𝟕𝟖𝟓𝒍𝒐𝒈𝟐(𝒅𝒙)) , 

where (𝒅𝒙) represents the grid spacing on the particle surface.  

4.3.2 Wall effects 

The geometry shown in Figure 4.1 is considered to have negligible wall effects. This was 

already proved in the previous paper (Singhal et al., 2017f), nevertheless this needs to be 

established again for the cylindrical packings. Therefore, all the five particle 

arrangements for aspect ratio (a = 4) described in Section 4.3.3 (see below) are simulated 

with Re = 144 and Pr = 1 for a setup described in Table 13 and Table 14. To observe any 

specific trend in the prediction of heat transfer (which might be due to wall effects), the 

Nusselt number is calculated on the circular planes (which are decreased systematically 

in diameter as shown in Figure 4.3). These planes are the ones described in Section 

4.2.2.2, on which the local fluid temperature is computed (bulk fluid temperature (Tbulk)). 

In addition, the radial profiles of the porosity and axial velocity in each of the 

arrangements is determined based on the number of equivalent particle diameters (de) 

from the wall. 



Heat and mass transfer in gas-solid packed beds 

 

 

90  Singhal - April 2018 

 

 

Figure 4.3. Illustration of the shape of the planes when considering a certain number of 

particles removed from the wall (right panel; all 25 planes explained in Section 4.2.2.2 

are of the same size representable in the figure). Variation of Nusselt number based on 

the particles removed from the wall (arr1…arr5 represents the different particle 

arrangements of a = 4) at Re144 and Pr = 1 (left panel). 

 

Figure 4.3 (left) shows the wall effects based on the number of equivalent particle 

diameters (de) from the wall that are excluded from the calculation. It can be seen that 

there is no systematic trend in the variation of Nusselt number, which was also concluded 

for the spherical particle packings in our previous work (Singhal et al., 2017f). Therefore, 

to be consistent with the methodology, we remove the added volume from the planes for 

calculating the Nusselt number. A similar observation can be made for the radial profiles 

of porosity (Figure 4.4 left panel) and axial velocity (Figure 4.4 right panel): the porosity 

is nearly uniform and so is the axial velocity. This suggests that the effects due to the 

imposed cylindrical wall are minimal. The spread towards the right of the graph is caused 

by the reduced size of the surfaces over which the velocity values are collected (in the 

centre of the geometry), thus creating more variance between the different packings. 
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Figure 4.4. Radial profiles of porosity (left panel) and axial velocity (right panel) versus 
the particle removed from the wall [arr1…arr5 represents the particle arrangements a = 
4 simulated at Re = 144 and Pr = 1]. 

4.3.3 Particle statistics 

It is known that heat and mass transfer phenomena in a packed bed can vary significantly 

as a function of location within the packing (Guo and Thompson, 2001). We therefore 

assess whether ~100 particles in a packed bed geometry of cylindrical particles are 

sufficient to predict a reliable value for the heat transfer coefficient. Five different 

arrangements of aspect ratio (a = 4) are extracted following a similar strategy as 

demonstrated in Figure 4.1 in order to measure any possible variation in the Nusselt 

number, or pressure drop prediction. The solution obtained with all these arrangements is 

observed to be grid independent (as discussed in Section 4.3.1) and the wall effects are 

negligible (see Section 4.3.2). Steady-state PR-DNS simulations are performed over a 

range of different Reynolds number (Re 9-180) with the parameters given in Table 13 for 

five different geometries with porosity of the bed varying between (ԑ = 0.468-0.501). The 

mean Nusselt number over five different geometries is averaged for Prandtl number (Pr 

= 1) and 95% confidence intervals (C.I.) are computed. The 95% C.I. are calculated based 

on the definition of a standard error (Eq. (27)), which is dependent on standard deviation 

(SD) of the samples (n = 5, in this case) (calculated by Eq. (28)), where (𝑥̅) is the mean 

of the samples. 

𝑆𝐸 = 2.776
𝑆𝐷

√𝑛
 

(27)                                                            
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𝑆𝐷 = √
∑(𝑥 − 𝑥̅)2

(𝑛 − 1)
 

(28) 

The mean value of the Nusselt number and the pressure gradient is plotted in Figure 4.5 

along with the corresponding 95% confidence intervals. It can be seen that the C.I. is quite 

widespread signifying that there is considerable level of variation in the values and 

therefore need to be quantified in the calculation.  

 

Figure 4.5. Nusselt number variation (left panel) and pressure gradient (right panel) for 
(arr1 …arr5) of a = 4, versus Reynolds number and for a Prandtl number Pr = 1. The 
dashed and dashed-dotted line represent 95% confidence intervals considering no void 
fraction variation in the averaged quantity. 

4.3.4 Comparison with correlations for heat transfer 

The computed heat transfer rates for each aspect ratio (a = 2-6) along with its 95% 

confidence interval bounds (see Section 4.3.3) over a range of Reynolds numbers (Re 9-

180) at Prandtl number (Pr = 1) is compared with existing correlations. The setup of the 

simulation is given in Table 13 and Table 14. The contour plot for typical axial velocity 

and static temperature variation through the simulated arrangements (arr2: through plane 

y = 0) is shown in Figure 4.6. 

The heat transfer correlations for packed beds in literature have been predominantly 

obtained with spherical particle packings. A typical comparison of the value of Nusselt 

numbers (averaged) with the 95% C.I. compared with the correlations for spherical 

packings in literature, based on experimental studies in spherical particle beds is shown 

in Figure 4.7 (left-panels). Secondly, the results were compared with the correlations 

based on PR-DNS in spherical particle beds (Figure 4.7, right-panels) including a 
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comparison with the predictions of (Tavassoli et al., 2015). Tavassoli et al. suggested that 

the prediction of heat transfer rate in non-spherical packings can be obtained with their 

correlation for spherical particles, and in case the particle diameter (dp) is used instead of 

the equivalent particle diameter (de) when computing the Reynolds and Nusselt number. 

Table 14: Final rendered geometry details used in the simulations 

Parameter  Value 

Number of particles 100 (approx.) 

Eq. Diameter of particles (de) (m) 1.10-3 

Diameter of the geometry (m) 4.8.10-3 

Height of the geometry (m)  4.8.10-3 

Mesh resolution (particle surfaces) de/60 

Porosity range (ԑ) for a = 2 0.405-0.432; 0.418 (avg.) 

Porosity range (ԑ) for a = 4 0.468-0.501; 0.483 (avg.) 

Porosity range (ԑ) for a = 6 0.514-0.0.539; 0.526 (avg.) 

 

The suggestions by (Tavassoli et al., 2015) (with particle diameter (dp)), were found to be 

not valid for the realistic packed beds of cylindrical particles (in porosity range 0.405 < ԑ 

< 0.539) when compared with the simulated data. When the equivalent particle diameter 

(de) definition is used, a better comparison to previous work of (Tavassoli et al., 2015) 

and (Singhal et al., 2017f) (valid for dense spherical particle packings) is achieved, 

although both correlations sometimes fall outside the 95% confidence intervals of the data 

(Figure 4.7 (right-panels). The good performance of our previous correlation for spherical 

particles is particularly interesting, suggesting that it should be possible to derive a 

correlation based on the equivalent particle diameter that is valid for spheres and cylinders 

of different aspect ratios. 

It should be noted that the confidence interval (C.I.) presented in Figure 4.7 is at the 

maximum size for aspect ratio four because of one arrangement (arr1) that returned a 

significantly lower Nusselt number than the mean (Figure 4.3, left panel). This 

arrangement was thoroughly investigated, but no reason could be found to discard it as 

an outlier. It is therefore retained as a representation of the natural heat transfer variability 

in a densely packed bed of cylindrical particles.  
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Figure 4.6. Contour plot of the magnitude of the fluid velocity (in m/s) (right panel), as 

well as the temperature (in K, left panel) in a plane parallel to the flow (y = 0, cut from 

arrangement 2, Re = 144, Pr = 1, a = 2, 4 and 6 from top to bottom). 
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Figure 4.7. Heat transfer rate (expressed via the Nusselt number) versus Reynolds 

number averaged over five particle arrangements, including a comparison with 

literature data. The correlations more relevant to the comparison because of their 

overall validity are represented in the right panels ((a = 2, 4 and 6) from top to bottom) 

4.3.5 A New Heat Transfer Correlation 

This section presents  generalized heat transfer correlations derived from results for all 

five particle arrangements of each aspect ratio (a =2, 4 and 6) over six Reynolds numbers 

(Re 9-180) and three Prandtl numbers (Pr 0.5-1). For each combination of Re, Pr and a, 

steady state PR-DNS simulations were completed for different packings of ~100 particles, 

requiring 270 simulations in total.    
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Packings of cylindrical particles show a natural increase in void fraction with an increase 

in aspect ratio. In fact, the data on the three different aspect ratios spanned a void fraction 

range of 0.405-0.539. To account for the possible void fraction dependency, the first fit 

was completed in the form of the classic Gunn correlation. The void fraction, Re and Pr 

dependencies of the Gunn correlation were retained and two model coefficients were 

adjusted to result in Eq. (29) with R2 = 0.956. As observed in the previous work on 

spherical particles (Singhal et al., 2017f), the Gunn correlation shape resulted in an 

unphysical negative Nusselt number when Re approaches zero. This can be seen from the 

first model coefficient (-1.76). The second coefficient (1.04) is close to unity, implying 

that the void, Re and Pr dependencies in the data are generally well captured by the 

coefficients of the Gunn correlation.  

𝑁𝑢 = −1.76(±1.81)

+ 1.04(0.7(7 − 10𝜀 + 5𝜀2)𝑅𝑒0.2𝑃𝑟1 3⁄

+ (1.33 − 2.4𝜀 + 1.2𝜀2)𝑅𝑒0.7𝑃𝑟1 3⁄ ) 

(29) 

The bracketed number in the first term represents the average 95% confidence intervals 

that quantify the uncertainty related to the variation in the five different particle 

arrangements simulated for each combination of Re, Pr and void fraction (ԑ). 

The previous work ((Singhal et al., 2017f)) found that a simplified correlation form 

avoided the unphysical limit as Re approaches zero and also resulted in a better fit to the 

data. Eq. (30) and (31) show the same equation form presented in the aforementioned 

work, refitted to all the data for the three different aspect ratio cylinders using Nu and Re 

data for the equivalent (Nue ; Ree) and actual particle diameter (Nud ; Red) respectively. 

The fit using the actual particle diameter produced was slightly better (R2 = 0.982) than 

the fit using the equivalent diameter (R2 = 0.976).   

𝑁𝑢𝑒 = 1.65(±1.41) + 0.34𝜀−0.59𝑅𝑒𝑒
0.73𝑃𝑟0.50 (30) 

𝑁𝑢𝑑 = 0.73(±0.75) + 0.23𝜀−1.10𝑅𝑒𝑑
0.70𝑃𝑟0.49 (31) 

Further improvement in the fit can be achieved by including the aspect ratio as a variable. 

This produced Eq. (32) and (33) with R2 = 0.986 for the equivalent diameter case (Ree) 

and R2 = 0.988 for the actual diameter case (Red). Inclusion of the aspect ratio (a) as a 

variable therefore made the quality of the fit almost identical between the two 

representations of the particle diameter. 
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𝑁𝑢𝑒 = 1.46(±1.07) + 0.031𝜀−2.99𝑅𝑒𝑒
0.71𝑃𝑟0.49𝑎0.53 (32) 

𝑁𝑢𝑑 = 0.74(±0.64) + 0.041𝜀−2.76𝑅𝑒𝑑
0.70𝑃𝑟0.49𝑎0.37 (33) 

The most important difference in the model coefficients with the introduction of the 

aspect ratio as a parameter is a substantially larger coefficient for the void fraction. This 

data suggests that the introduction of the aspect ratio as a variable allows the void fraction 

coefficient to only explain the dependency of the Nusselt number on the void fraction 

within a given aspect ratio, whereas the void fraction coefficient must explain the effect 

of both aspect ratio and void fraction in Eq. (30) and (31). 

The plot of observed vs. predicted values for the three fits based on the equivalent particle 

diameter are displayed in Figure 4.8 (left-panel). It is clear that all fits are good and do 

not show any clear outliers. 

 

Figure 4.8. Left panel: Observed vs. predicted values of the Nusselt number over all 
cases for Eq. (29), (30) and (32). Right panel: Observed vs. predicted values of the Nusselt 
number over all cases including spherical particles (Eq. (34)).   

Finally, the equivalent diameter fit in Eq. (30) was repeated when also including the data 

from the spherical particles investigated in a previous work (Singhal et al., 2017f). The 

following equation was fitted with R2 = 0.978: 

𝑁𝑢 = 1.77(±1.39) + 0.29𝜀−0.81𝑅𝑒0.73𝑃𝑟0.50 (34) 

It is clear that the quality of the fit is just as good as for Eq. (30) even though both spheres 

and cylinders are now represented. Eq. (34) can therefore be used as a generalized 

correlation for heat transfer from spherical or cylindrical particles in gas-particle realistic 
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packed beds as suggested in the discussion of Figure 4.7. The performance of this fit is 

visualized in Figure 4.8 (right-panel). 

4.3.6 Pressure drop correction 

The pressure drop through the packed bed is often explained by Forchheimer effect, 

which suggests the dependence of pressure drop on frictional losses (Nemec and Levec, 

2005). In general, it can be said that the bed porosity tends to increase as we deviate from 

the spherical shaped particles. Even a minimal change in porosity greatly influences the 

pressure drop. (Ergun, 1952) presented the values for the Blake-Kozeny-Carman constant 

A (i.e., the viscous term) and the Burke-Plummer constant B (i.e., the inertial term) to be 

150 and 1.75 respectively in Eq. (35). These values suggest that the Ergun equation is a 

widely accepted model for predicting the pressure drop in packed beds, if the shape of the 

particles can be more closely approximated to spheres and in the absence of wall effects.  

First, the foundation in prediction of pressure drop in our rendered geometry (obtained 

from a DEM packed bed (Figure 4.1)) is laid by comparing the results of pressure gradient 

across the bed from the simulations of arrangements analysed in the previous work (with 

mono-disperse spherical particles)  (Singhal et al., 2017f) with Ergun equation (Ergun, 

1952).  

∆𝑃

𝐿
=  [

𝐴𝜇

𝑑𝑝
2 ∙

(1 − 𝜀)2

𝜀3
∙ 𝑢𝑠  + 

𝐵𝜌

𝑑𝑝
∙
(1 − 𝜀)

𝜀3
∙ 𝑢𝑠

2] 
(35) 

The pressure gradient across the packed bed geometry is obtained from a linear fit of the 

static pressure in planes perpendicular to the flow (see Section 4.2.2.2). The average 

pressure gradient over a range of Reynolds number (Re 9-180) and arrangements 

(arr1…arr5) from spherical packings (Singhal et al., 2017f) with its 95% C.I. (obtained 

as explained in Section 4.3.3) is shown in Figure 4.9 (upper-left). It is observed that the 

predictions from simulations are within the 95% C.I. bounds of Ergun equation (Ergun, 

1952). Thus, suggesting confidence in the pressure drop predictions from our rendered 

geometry (Figure 4.1). 

The pressure gradient obtained from the arrangements on cylindrical particles are 

compared against the predictions from the Ergun equation (Eq. (35) with the constants (A 

= 150; B = 1.75)) and the equivalent diameter (de) instead of particle diameter (dp) as 
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suggested by (Carman, 1956). Figure 4.9 (upper-right and bottom) clearly suggests the 

results from Ergun with (de) to be out of the bounds of our current DNS simulations. 

Considering the current dimensions of the cylindrical particles (Lp/dp = a = 2, 4 and 6), 

the constant values for A and B can be approximated  from the model suggested by 

(Nemec and Levec, 2005) (for Lp/dp > 1). It is seen that the prediction with the Ergun 

constants (A; B) proposed by (Nemec and Levec, 2005) becomes acceptable in the C.I. 

of the current simulations as the aspect ratio of the cylindrical particles is increased. 

However, further modifications to the Ergun constants will be required to achieve a good 

fit to the simulation data from this study 

 

Figure 4.9. Comparison of average Pressure gradient (L.H.S term of Eq. (35)) for 
different particle arrangements versus Reynolds number (for Re 9 - 180). For spheres 
(upper-left panel) the arrangements are presented in (Singhal et al., 2017f) and for 
cylinders (upper-right and bottom panel) the particle arrangements are presented in 
Section 4.3.3.  

Therefore, to present the correct values for the constants in the Ergun equation (Eq. (35)), 

we analyzed and re-fitted the data (Figure 4.10 for the resulting parity plot) for all three 

aspect ratios. The fits were completed using both the equivalent (de) and actual particle 

diameters (dp).  
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The equivalent particle diameter (de) yielded Ergun coefficients of A = 284 and B = 2.67 

with R2 = 0.982, while the coefficients for the actual diameter (dp) were A = 91 and B = 

1.75 with R2 = 0.968. Use of the equivalent particle diameter therefore yielded a better fit 

for all the combinations of Re and aspect ratio covered in this study.  

When the actual particle diameter was used, clearly different trends in the plot of observed 

vs. predicted values were observed for the different aspect ratios. This systematic 

inconsistency was largely corrected by using the equivalent particle diameter as 

illustrated in Figure 4.10. The correlation using the equivalent particle diameter is 

therefore recommended for general use in packed beds with cylindrical particles. 

 

Figure 4.10. Observed vs. predicted values for the Ergun equation fitted with new 
constants when considering the equivalent particle diameter (de) (right panel) and the 
actual particle diameter (dp) (left panel) for the data of pressure gradient obtained from 
arrangements (arr1…arr5 of each aspect ratio) of packings containing cylindrical 
particles for six different Reynolds numbers (Re 9-180).  

It was also attempted to fit new Ergun constants using data from both the simulations of 

spherical and cylindrical particles, but the pressure drop characteristics of the bed with 

spherical particles was very different from the beds with cylindrical particles. A pressure 

drop correlation applicable to both spherical and cylindrical particles is therefore not 

presented.  

4.3.7 Heat transfer-pressure drop relationship 

A high pressure drop through the packed bed is undesirable because of the energy and 

equipment costs required to pressurize the incoming gases to overcome the pressure drop.  

Simultaneously, it is desired to have a high rate of heat (and mass) exchange between the 
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gas and particles in the packed bed in order to minimize the size of the reactor. In a packed 

bed operation it is thus preferred to have a high ratio of the heat transfer rate to pressure 

drop in the bed.  

Using the data obtained for heat transfer and pressure gradient in spherical packings 

(previous work (Singhal et al., 2017f); see Section 4.3.6) and cylindrical packings (see 

Section 4.3.5 and Section 4.3.6), the ratio of a volumetric heat transfer coefficient 

(W/m3K) and the pressure gradient (N/m3) is computed. The volumetric heat transfer 

coefficient is calculated as the heat transfer coefficient times the particle-fluid heat 

transfer surface per unit volume (ap). For a packed bed of a given volume, the ratio 

therefore represents the heat transfer potential (W/K) over the force required to push the 

gas through the bed (N).  

The corresponding data for all five arrangements of each aspect ratio and Reynolds 

numbers (18-180) is shown in Figure 4.11. It is seen that the packed bed with cylindrical 

particles (a ≥ 4) has almost twice the ratio for heat transfer to pressure drop compared to 

the bed with spherical particles. This difference is primarily due to the higher void fraction 

in packed beds of cylindrical particles and the higher surface area / volume ratio of 

cylinders relative to spheres. This suggests that the cylindrical particles are more efficient 

for heat transfer, and have potential to curb high pressure drops in packed beds.   

 

Figure 4.11. Comparison of the ratio of heat transfer rate to pressure gradient in a 
packed bed of spherical particles and cylindrical particles (data averaged over five 
arrangements of each aspect ratio (a = 2, 4 and 6), Pr = 1). 
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 Conclusion 

The presented study is an extension of the previous methodology presented for dense 

mono-disperse spherical particle packings (Singhal et al., 2017f). In this study, we have 

presented heat transfer predictions for dense packings of cylindrical particles (a = 2, 4 

and 6) in porosity range (0.405 < ԑ < 0.539) for gas-solid systems. Previous heat transfer 

studies with PR-DNS have been mainly focussed on spherical particles with the exception 

of (Tavassoli et al., 2015), which focussed on fluidized bed applications, i.e., more dilute 

conditions. Hence, this study presents the first analysis of heat transfer phenomena in 

dense cylindrical particle packings.  

We generated a large cylindrical particle packed bed using DEM, then the geometry 

representing the cylindrical packing is extracted from the large particle bed. This step of 

transformation helps in avoiding wall effects and obtaining a uniform radial profile of 

porosity. The rendered geometry obtained is meshed with tetrahedral elements to create 

a high quality body-fitted mesh. Then, using PR-DNS to obtain the simulation results, the 

heat transfer rate and pressure gradient is extracted from each simulation and fitted to 

obtain (i) a new heat transfer correlation, and (ii) to obtain new Ergun constants for 

predicting the pressure drop in particle beds of cylindrical particles. 

The methodology is consistent with the previous work, and the grid independence is 

found at a resolution of de/60 for dense cylindrical packings. Wall effects were found to 

be negligible for computing heat transfer rate, supporting our choice for representing the 

bed geometry. The results for computing the Nusselt number showed significant variation 

between individual arrangements consisting of ~100 cylindrical particles each. This was 

quantified by using 95% confidence bounds in deriving the relation to approximate the 

calculated heat transfer rates. 

In addition, we introduced new values for the Ergun constants (i.e., A = 284 and B = 

2.67), refitted in a way such that with the equivalent particle diameter (de), a good fit over 

all aspect ratios is achieved for cylindrical particles. We find that relating Nusselt number 

(predicted from different arrangements) on aspect ratio (a) as a parameter in the 

correlations leads to a better fit of data for the system with 0.50 < Pr < 1. We also find 

the ratio of heat transfer to pressure drop in packed bed of cylindrical particles to be more 

favorable than that in beds of spherical particles.   
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To sum up, we establish a new simple correlation applicable for heat transfer from a 

densely packed bed of either spherical particles or cylindrical particles (valid for ԑ ≈ 0.35 

for spherical particles; 0.405 < ԑ < 0.539 for cylindrical particles, and in gas-solid system). 

The proposed correlation uses Nu and Re based on the equivalent particle diameter (de):  

𝑁𝑢 = 1.77(±1.39) + 0.29𝜀−0.81𝑅𝑒0.73𝑃𝑟0.50 . In this correlation, the bracketed term 

represents the 95% confidence bounds.  
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work; Arpit Singhal wrote the paper. 
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5 VERIFICATION OF THE 

CLOSURE MODELS 

Abstract 

Particle resolved direct numerical simulation (PR-DNS) is known to provide an 

accurate detailed insight into the local flow phenomena in static particle arrays. 

Most PR-DNS studies in literature do not account for reactions taking place inside 

the porous particles. In this study, PR-DNS is performed for catalytic reactions 

inside the particles using the mutifluid approach where all heat and mass transfer 

phenomena are directly resolved both inside and outside the particles. These 

simulation results are then used to verify existing 1D model closures over a 

number of different reaction parameters including different reaction orders, 

multiple reactions and reactants, interacting reactions, and reactions involving 

gas volume generation/consumption inside the particle. Results clearly showed 

that several modifications to existing 1D model closures are required to reproduce 

PR-DNS results. The resulting enhanced 1D model was then used to accurately 

simulate steam methane reforming, which includes all of the aforementioned 

reaction complexities. The effect of multiple reactants was found to be the most 

influential in this case.  ℹ 

 

 

 

 

 

 

 

 

ℹ This chapter is based on Arpit Singhal, S. Cloete, R.Q. Ferreira, S. Amini, 

Verification of heat and mass transfer closures for industrial scale packed bed reactor 

simulations, Energies, Vol 11(4), 805 
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Nomenclature  

Symbols 

𝒂 Characteristic length of spherical particle (dp/6) 

𝑎𝑝 Spherical particle-fluid heat transfer surface per unit volume (ap = 6 ∙ (1 - ԑ)/dp) (1/m) 

𝑐𝐴 Concentration of species A (kmol/m3) 

𝑐𝐴𝑠  Concentration of species A on particle surface (kmol/m3) 

Cp Specific heat capacity of fluid (J/kg K) 

dp Diameter of the spherical particle (m) 

dA Area of the axial plane (m2) 

D Molecular diffusivity of gas (m2/s) 

𝑒𝑧 Vector in z-direction 

𝐸𝑎  Activation energy (J/mol) 

g Gravity (m/s2) 

ℎ Enthalpy (J/kg) 

ℎ𝑒 Heat transfer coefficient (W/m2K) 

J Diffusive flux (kg/(m2.s)) 

𝑘 Reaction rate constant (mol1-n m3n-2/s) 

𝑘0 Arrhenius constant (1/s) 

K Thermal conductivity of gas (W/ m K) 

𝐾𝑥  Adsorption constant for species (x = CH4, CO, H2,H2O) 

𝐾𝑝𝑔 Interphase momentum exchange coefficient (kg/(m3.s)) 

mp Mass of the particle (kg) 

N Ratio of diameter of reactor to diameter of the particle  

Nu Nusselt number  

𝑝 Partial pressure of the specie (bar) 

P Pressure (Pa) 

Pr Prandtl number (𝜇 𝐶𝑝/𝐾𝑔) 

r Reaction rate (mol/m3.s) 

R Gas constant (8.314 J/mol/K) 

Re Reynolds number (𝜌 𝑢𝑠 𝑑𝑝/𝜇) 

S Source term 

Sc Schmidt number (𝜇/𝜌 𝐷) 

t Tortuosity 

𝑇 Static temperature of the fluid (K) 

𝑇𝑝 Particle surface temperature (K) 

𝑇𝑏𝑢𝑙𝑘  Bulk fluid temperature (K) 
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𝑢𝑠 Superficial velocity of the fluid (m/s) 

𝑢𝑧 Velocity of the fluid in Z-direction (m/s) 

v Velocity of the particles for Dem (m/s) 

𝑑𝑉 Volume in the region of interest (m3) 

Y Species concentration (mass or molar fraction) 

y Species mole fraction 

x Species mass fraction 

Greek 

α Volume fraction 

ԑ Porosity (void fraction) 

𝜙 Thiele modulus 


 Density (kg/m3) 

𝜂 Effectiveness factor 

𝜏 Stress tensor (kg/(m.s2)) 

μ Viscosity of fluid (kg/ m . s) 

Vectors: 

𝒖⃗⃗  velocity (m/s) 

𝑔  Gravity (m/s2) 

Subscripts: 

p particle 

g gas 

e effective 

n reaction order 

i species i 

j Reaction and particle index 

Operators: 

𝛁 Gradient operator (m-1) 

∇. Divergence operator (m-1) 

𝑑

𝑑𝑡
 time derivative (s-1) 

 

 Introduction 

Packed bed gas-solid reacting systems are widely used in the chemical and process 

industry. Due to this industrial importance, modelling and simulation of packed bed 

reactors have been an important research and industrial priority for several decades.  
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With the development in computational resources it is now possible to perform resolved 

3D simulations of fluid flow as well as heat and mass transfer phenomena in realistic 

particle packings. The advantages of such resolved simulations, commonly referred to as 

particle-resolved direct numerical simulations (PR-DNS), have been pointed out by 

(Dixon and Nijemeisland, 2001). Due to the homogenous average voidage in a typical 

packed bed, the resolved simulation of a small segment of the bed can give valuable 

insight into the local transport phenomena, applicable to the whole packed bed. This is 

especially helpful in evaluating and improving industrially affordable 1D models without 

uncertainties associated with experiments, which motivates the current work. 

A complete evaluation of 1D model performance requires full resolution of all transfer 

phenomena, both inside and outside the particles. However, the vast majority of PR-DNS 

studies involves studying pressure drop, particle-fluid heat transfer and dispersion only 

on the fluid region outside the particles (Atmakidis and Kenig, 2009; Bai et al., 2009; 

Deen et al., 2014; Eppinger et al., 2011; Eppinger et al., 2016; Jafari et al., 2008; Karthik 

and Buwa, 2017; Lee et al., 2007; Maestri and Cuoci, 2013; Mirhashemi and 

Hashemabadi, 2012; Mirhashemi et al., 2011; Motlagh and Hashemabadi, 2008; 

Nijemeisland et al., 2004; Partopour and Dixon, 2017; Romkes et al., 2003; Singhal et 

al., 2017e, f; Sun et al., 2015; Tavassoli et al., 2015; Wehinger et al., 2017; Zare and 

Hashemabadi, 2013) either on an orderly or randomly packed bed of spherical or 

cylindrical particles.  

Analyzing the intra particle transfer phenomena requires the particles to be meshed, which 

increases the computational overhead and also complicates the mesh generation. There 

have been several works including the intra particle heat transfer for the non-reactive 

cases (Augier et al., 2010; Dixon et al., 2003; Nijemeisland et al., 2004; Singhal et al., 

2016b; Wehinger et al., 2016). The complexity intensifies as the reactions are considered, 

with most of the available CFD solvers not allowing chemical species inside the porous 

catalyst (Dixon, 2017). They consider the particle as solid regions (Dixon, 2017). To 

model reacting resolved systems some authors have constrained the parameters studied 

or simplified the geometries. (Mousazadeh et al., 2013) used a 2D model to study the 

ethylene oxidation, while (Zhou et al., 2013a) choose to use 3D spherical particle bed, 

without considering intraparticle effects to analyze isopropanol-acetone-hydrogen heat 

pump module.  
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Particle resolved simulations for intra particle reactive systems of steam methane 

reforming with catalyst particle as porous mediums was first presented by (Dixon et al., 

2010) for spherical particles and by (Dixon et al., 2012) for cylindrical particles. They 

developed an approach in Fluent® to use user defined parameters to be defined inside the 

solid particles and thus help in extracting correct heat and mass transfer at particle 

surfaces.  

Recently, (Dixon, 2017) presented a study for 3D simulations of heterogeneous catalytic 

reactions in packed beds of N = 5.96 with reactions happening inside the porous particle 

and not confined to the particle surface. They suggested that, in order to understand the 

transport phenomena and reaction engineering inside the packed bed, it is essential to 

have a particle bed long enough to obtain the developed flow properties.  

Previous studies from the authors have used PR-DNS to study the intra particle heat and 

mass transfer applied to reacting systems with both spherical (Singhal et al., 2017c; 

Singhal et al., 2017d) and cylindrical particles (Singhal et al., 2017a). In these works, the 

geometry simulated is extracted from a large realistic packing in order to minimize wall, 

inlet and outlet effects (Singhal et al., 2017e, f).  

The objective of the current work is to use the conceptually more correct PR-DNS for a 

geometry of monodisperse spherical particles with solid catalyzed reactions taking place 

inside the porous catalyst particle. The main purpose of this study is to evaluate the 

validity of mass and heat transfer closures commonly used in industrial scale 1D models 

against the PR-DNS data. Moreover, our study is the only one focused on investigating 

and suggesting modification to 1D model for simulating steam methane reforming 

process compared with results from detailed scale of PR-DNS.  

The work is presented as follows: in Section 5.2 we have explained the methodology, grid 

independence, closure models and simulation set ups. Section 5.3 documents the major 

findings of the paper with the investigation based on (i) reaction orders (ii) multiple 

reactions (iii) gas volume (iv) steam methane reforming reactions. Then finally we 

conclude in Section 5.4.  
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 Methodology 

5.2.1 Thiele modulus and effectiveness factor 

Intra particle diffusion resistances are important in describing the actual reaction rate 

inside the catalyst pellet.  The effectiveness factor (𝜂) is defined by Eq. (36) and quantifies 

the effect intra particle diffusion resistance has on reaction rate (Ishida and Wen, 1968; 

Levenspiel, 1999; Rawlings, 2002; Yang et al., 2016).  

𝜂 =
𝑎𝑐𝑡𝑢𝑎𝑙 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛 𝑟𝑎𝑡𝑒

𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛 𝑟𝑎𝑡𝑒 𝑤𝑖𝑡ℎ𝑜𝑢𝑡 𝑑𝑖𝑓𝑓𝑢𝑠𝑖𝑜𝑛 𝑙𝑖𝑚𝑖𝑡𝑎𝑡𝑖𝑜𝑛𝑠
 (36) 

The concept of effectiveness factor (η) in heterogeneous catalytic reactions for porous 

particle is given by (Levenspiel, 1999). Meanwhile, (Thiele, 1939) added the plots of 

effectiveness factor vs Thiele modulus for simple reaction orders. Thiele modulus (𝜙) is 

dimensionless number dependent upon reaction rates, effective diffusivities, and 

concentration of the reactant in the fluid surrounding the particle (Eq. (37)).  

𝜙 =
𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛 𝑟𝑎𝑡𝑒

𝑑𝑖𝑓𝑓𝑢𝑠𝑖𝑜𝑛 𝑟𝑎𝑡𝑒
 (37) 

The effectiveness factor (η) and Thiele modulus (𝜙) definitions for spherical particles 

(given in Eq. (38) and (39)) are according to the general definitions of these parameters 

given in (Rawlings, 2002) for a nth order generic catalytic reaction (𝐴 
𝑘
→ 𝐵) ,𝑤ℎ𝑒𝑟𝑒 𝑟 =

𝑘𝑐𝐴
𝑛 . Thus, for heterogeneous catalytic reaction system, effectiveness factor can be 

defined as a function of Thiele modulus. For the spherical particles studied in this work, 

𝑎 = 𝑟𝑝 3⁄ . 

𝜙 = √ 
𝑛 + 1

2
 
𝑘𝑐𝐴

𝑛−1𝑎2

𝐷𝑒
 (38) 

𝜂 =
1

𝜙
 [

1

𝑡𝑎𝑛ℎ𝜙
− 

1

3𝜙
] (39) 

𝐷𝑒 =
𝐷𝜀

𝑡
 (40) 
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5.2.2 Conservation equations 

The steady state incompressible conservation equations for continuity, momentum, 

species transfer and energy for both 3D and 1D framework in Newtonian flow are given 

by Eulerian multifluid approach, which assumes the gas phase and solid phase to be 

interpenetrating continua. Both the phases operate with separate set of equations. The 

conservation of equations for each phase (k) are given in Eqns. (41) - (44). The 

momentum equation is not solved for the solid phase as the velocities of solid phase is 

fixed to zero, being a packed bed. In addition, species are only conserved for the gas phase 

because the solid acts only as a catalyst and does not undergo any reaction.  

∇ ∙ (𝛼𝑘𝜌𝑘𝑢⃗ 𝑘) =  0 (41) 

∇ ∙ (𝛼𝑔𝜌𝑔𝑢⃗ 𝑔𝑢⃗ 𝑔) =  −𝛼𝑔∇𝑝 + ∇ ∙ 𝜏𝑔 + 𝛼𝑔𝜌𝑔𝑔 + 𝐾𝑝𝑔(𝑢⃗ 𝑝 − 𝑢⃗ 𝑔) (42) 

∇ ∙ (𝛼𝑔𝜌𝑔𝑔𝑌𝑔,𝑖) =  ∇ ∙ 𝛼𝑔 𝐽 𝑔,𝑖 + 𝛼𝑔 𝑆𝑔,𝑖 (43) 

∇ ∙ (𝛼𝑘𝜌𝑘𝑢⃗ 𝑘ℎ𝑘) =  𝜏𝑘: ∇ 𝑢⃗ 𝑘 + 𝑄𝑘 + ∇ ∙  (∑ℎ𝑘,𝑗𝐽𝑘,𝑗

𝑗

) (44) 

The Ergun equation (Ergun, 1952) is used to account for drag in Eq. (42) (last term). 

Interphase heat exchange term (𝑄𝑘) in Eq. (44) is modelled according to our previous 

work (Singhal et al., 2017f). The rightmost term in Eq. (43) accounts for the 

heterogeneous catalytic reactions implemented. The parametric studies presented in this 

study utilize a hypothetical reaction to allow for easy interpretation of results, but an 

example with real steam methane reforming reactions is also presented. These reactions 

are detailed later in the paper.   

To be consistent with the previous works (Singhal et al., 2017e, f), with the similar way 

to obtain the geometry (Section 5.2.3.1), steady state DNS (and hence Eqns. (41) - (44)) 

in ANSYS Fluent with phase couple SIMPLE algorithm and 2nd order spatial 

discretization for all other equations is used.  

For the DEM simulation only Newton’s translation motion equation with tangential 

forces included is solved to obtain the packed bed (Eq. (45)).  
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𝑚𝑝

𝑑𝑣

𝑑𝑡
=  𝑚𝑝𝑔 + ∑(𝐹𝑝,𝑖,𝑛

𝑗

𝑖=1

+ 𝐹𝑝,𝑖,𝑡) (45) 

5.2.3 PR-DNS simulation setup 

5.2.3.1 Geometry and mesh development 

The spherical particle bed is generated using discrete element method (DEM) in ANSYS 

Fluent. The methodology of generating the particle bed, extracting and creating the 

rendered geometry from this large bed for the simulations is exactly similar to the 

previous work with monodisperse spherical particles (Section 3.2.1 of Chapter 3).  

The overlap between the spherical particles in our realistically packed bed geometry is 

dealt by caps method with the cylinder cap size of dp/50. This is consistent with the 

detailed study done in Section 3.3.3 of Chapter 3.  

Following the creation of the geometry, the rendered geometry is meshed with polyhedral 

elements both inside and outside the particles using the Fluent Meshing tool with 

resolution dp/60 (Section 5.2.3.3). This allows for directly simulating mass and heat 

transfer phenomena both inside and outside the porous particle.  

The rendered geometry used for simulations in this study is considered to be free from 

wall effects as proven for external heat transfer in our previous work (Singhal et al., 

2017f). This was found to be consistent even for this work, we found negligible wall 

effects for species conversion. 

5.2.3.2 Boundary conditions and simulation parameters 

The simulated geometries contain a velocity inlet, pressure outlet, and a non-slip zero 

heat flux reactor wall (Singhal et al., 2017f). The grain diameter inside the porous 

particles is set to 1e-7 m. This small diameter results in essentially instantaneous 

momentum and heat transfer to prevent any flow through the particle and to ensure 

thermal equilibrium between the gas and the solid phase, especially with the high particle 

porosity employed in this work. As discussed later in Section 5.2.3.4, the particle porosity 

in the PR-DNS simulations had to be set close to unity in order to ensure accurate 

simulation of external heat transfer. A particle porosity of 0.993 was chosen, resulting in 

a 100 times lower solid concentration than a conventional particle with a porosity of 0.3. 
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This implies that the volumetric reaction rate and particle thermal conductivity had to be 

increased by a factor of 100 to replicate the behaviour of a regular particle with a porosity 

of 0.3.    

Similar to our previous work (Singhal et al., 2017f), the method of calculating the bulk 

fluid temperature on number of planes (in total 25 planes with gap of dp/5 between each 

plane) perpendicular to the flow is followed now, in order to extract bulk species 

concentrations (𝑌𝑏𝑢𝑙𝑘). In this way, the species concentrations are calculated locally on 

each plane by Eq. (46), (where Y, is the mass or mole fraction of the reacting species). 

The resulting axial profiles of bulk temperature and species are suitable for direct 

comparisons to 1D model results.   

𝑌𝑏𝑢𝑙𝑘 = 
∫(𝑢. 𝑒𝑧)𝑌𝑑𝐴

∫(𝑢. 𝑒𝑧)𝑑𝐴
 (46) 

5.2.3.3 Mesh dependence 

The simulation for mesh independence study involved a hypothetical heterogeneous first 

order catalytic reaction (Eq. (47)). The reaction takes place inside the porous solid particle 

(by grain model (Szekely, 1976)). The simulation is carried out at Reynolds number (Re 

= 100), Prandtl number (Pr = 1), and Thiele module (𝜙 = 10) with inlet reactant mass 

fraction (xA = 0.1). Eqn. (48) presents the reaction rate for an exothermic reaction (dHrxn 

= -10 kJ/mol) i.e. Eq. (47), with pre exponential factor in Eq. (49) calculated to result in 

the reaction constant of 10000 1/s at an inlet temperature of 1000K. The solid particle, 

and particle bed properties are given in Table 15. 

Table 15. Packed bed geometry and flow simulation properties  

Parameter  Value 

Particle size (m) 1.10-3 

Bed porosity (ԑ) 0.352 

Particle inside volume fraction (αp) 0.007 

Number of particles 100 (approx.) 

Diameter of the geometry (m) 4.8.10-3 

Height of the geometry (m) 4.8.10-3 

Mesh resolution (particle surface) dp/60 

Pre-exponential factor (k0) (1/s) 1.674x109 
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Activation energy (J/mol) 100000 

Thermal conductivity of solid (W/ m K) 500 

 

𝐴 (𝑔) + (𝑠𝑜𝑙𝑖𝑑) → 𝐵 (𝑔) + (𝑠𝑜𝑙𝑖𝑑) (47) 

𝑟𝑐𝑎𝑡 = 𝛼𝑝𝑘𝑐𝐴 (48) 

𝑘 =  𝑘0 𝑒
(
−𝐸
𝑅𝑇

)
 (49) 

 

 

Figure 5.1. Grid independence behaviour for the variation of mass fraction of species A 

(xA) at a plane perpendicular to the flow near the outlet (2 planes below the outlet) in 

array of spherical particles w.r.t. particle surface mesh resolution, simulated at  dHrxn = 

-10 kJ/mol, Pr = 1, ԑ = 0.351, and 𝜙 = 10. Symbols represent the results and the line is 

the exponential function: 𝒙𝑨 =  𝟎. 𝟎𝟎𝟖𝟎𝟒𝟖 +  𝒆𝒙𝒑 (𝟗. 𝟕𝟏𝟓𝟖 + 𝟏. 𝟏𝟎𝟑𝟓𝒍𝒐𝒈𝟐(𝒅𝒙)) , 

where (dx) is the grid size on the particle surface. 

The mesh independence study is completed at an exothermic reaction (dHrxn = -10 

kJ/mol) because the external heat transfer becomes the controlling phenomenon in this 

case and therefore the grid size becomes important. The mass fraction of species A (xA) 

at 2 planes (Section 5.2.3.2) below the outlet is analysed to explore the conversion of xA 

through the geometry on different grid sizes. Figure 5.1 shows that the overall conversion 

increases with each doubling of the grid size when fitted with an exponential function. 

This is because larger cell sizes over predict the external heat transfer, allowing more of 

the heat generated by the exothermic reaction to leave the particle, in turn resulting in a 

cooler particle and a lower reaction rate. The difference between the value at dp/60 and 
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the infinitesimally small cell size results in the difference of 4.8%. Thus the cell size of 

dp/60 is used in this work. Subsequently, the growth rate of 20% is followed to fill the 

voids for fluid and solid sections.  

5.2.3.4 Void fraction inside the particle 

The solid catalyst particles are defined as fluid regions in FLUENT using the multifluid 

approach and then a specific solid volume fraction value is patched into this region. This 

enables direct simulation of heat and mass transfer including gas density gradients inside 

the solid particle (as would be the case when the reaction creates or consumes gas 

volume).  

Before proceeding with the intra particle transfer, the ability of Ansys FLUENT to predict 

external heat transfer with the Eulerian multifluid approach is verified. The external heat 

transfer simulations on a geometry of spherical particles (ԑ = 0.352) are performed for Re 

= 100, Pr = 1, Tinlet = 473 K, and Tp = 573K. The comparison is made over a range of 

particle porosity values (ԑinside = 0.05-0.993) and an ideal external heat transfer case, 

where the particle surface is defined as a wall without any inside mesh (Singhal et al., 

2017f). Figure 5.2 shows that as the particle porosity (ԑinside) value increases (or particle 

volume fraction (αp) decreases), the fluid temperature relates more closely to the ideal 

external heat transfer case.  

This effect is quantified in Figure 5.3, when the Nusselt number (with the methodology 

explained in Section 3.2.2.2 of Chapter 3) is extracted from all the cases shown in Figure 

5.3. It is seen that Nusselt number value for external heat transfer from particle surface to 

fluid approaches the ideal value as the particle porosity (ԑinside) is increased, with almost 

the same Nusselt number prediction at ԑinside = 0.993 or αp = 0.007. This sensitivity is 

related to the multifluid assumption creating numerical errors on the edge of the particles 

where there is a step change in volume fraction.  

Based on this result, the value (ԑinside = 0.993) is used in the PR-DNS simulations and the 

reaction rate constant is increased by a factor 100 to mimic the more realistic case where 

ԑinside = 0.3. 
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Figure 5.2. The contour plots for fluid temperature (K) (at plane y = 0, through a bed of 
ԑ = 0.351, Re = 100, Pr = 1). [Top left: (No mesh) represents the case without inside 
particle mesh (Singhal et al., 2017f); In all other plots ԑinside represents the particle 
porosity in each case.] 

 

Figure 5.3. Nusselt number extracted on 25 planes based on local driving force (Deen 

et al., 2012; Deen et al., 2014; Sun et al., 2015; Tenneti et al., 2013) versus porosity value 

inside the particle. The comparison is made to Nusselt number from the ideal external 

heat transfer case without inside particle mesh. This value has also been verified with 

(Singhal et al., 2017f) heat transfer correlation.   
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5.2.4 1D packed bed model 

As outlined in Section 5.2.2, the 1D model is also based on the Eulerian multifluid 

approach. Only in this case, the void fraction is constant in all cells and the geometry is 

meshed only in one direction. More details can be found in the previous work of the 

authors (Cloete et al., 2016), and the applications in (Singhal et al., 2017c; Singhal et al., 

2017d).  The domain is discretized into 100 cells, with the length of the geometry equal 

to the PR-DNS geometry as given in Table 15. The 1D model is solved with similar 

simulation setup and boundary condition of respective PR-DNS cases. The primary 

difference is that the particles are assumed to have a realistic void fraction of 0.3 (as 

opposed to ԑinside = 0.993 used in the PR-DNS as outlined in the previous section), so no 

adjustment to the reaction rate is required.  

This work focuses on closure models to account for external heat and mass transfer and 

intra particle diffusion that are required to model the phenomenal that are directly 

resolved in PR-DNS. The models to define intra particle diffusion (Levenspiel, 1999; 

Rawlings, 2002) are given in Eqns. (38), (39), and (40). While the closures for external 

heat and mass transfer are given in Eq. (50) and (51). These models are based on our 

previous work with mono disperse spherical particle (Singhal et al., 2017f) and are 

integrated to calculate the effective reaction rate in 1D model.  

𝑁𝑢 = 2.67 + 0.53𝑅𝑒0,77𝑃𝑟0,53 (50) 

𝑆ℎ = 2.67 + 0.53𝑅𝑒0,77𝑆𝑐0,53 (51) 

The mean solid volume fraction (α) in 1D model is fixed as a product of particle bed 

volume fraction (1-ԑ) times the inside particle volume fraction (αp = 0.7). Also, the heat 

of reaction (dHrxn) as suggested in previous work (Singhal et al., 2017d) is assigned to the 

solid phase unlike the PR-DNS (in which it is assigned as an enthalpy term to gas phase).  

 Results and Discussion 

In this section, the comparison of 1D model with PR-DNS is discussed based on different 

levels of complexity in the reactant behaviour. 
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5.3.1  Reaction orders 

The ability of 1D models to predict correct reactant conversion with different reaction 

orders is studied in this section. For the hypothetical catalytic reaction in Eq. (47), both 

the PR-DNS and 1D models are simulated with the properties given in Table 16. The 

molecular diffusivity (D) and thermal conductivity (k) of the gas is calculated based on 

the values (𝜙 = 10; Pr =1; Re = 100 and Sc ≈ 0.7).  

In order to have uniformity in the predictions of reactant concentration (xA) with different 

reaction orders, the temperature influence on reaction rate in this validation is eliminated. 

First, the effective diffusivity (De) of the gas inside the particle is calculated for the first 

order reaction with reaction rate constant of 10000 1/s (for 𝜙 = 10 and 𝜙 = 5) (using Eq. 

(38)). Here, we assume that 𝐷𝑒 = 𝐷 5⁄  to account for a realistic particle porosity and 

tortuosity. Following this, using the rearranged Eq. (38) for a fixed inlet concentration 

(cA = 10 mol/m3), the reaction rate constant (k; Eq. (53) and Eq. (38)) for each reaction 

order is calculated in Eq. (52). This practice ensures that the ratio of reaction rate to 

diffusion rate at the start of the geometry is identical between cases with different reaction 

orders.  

𝑘 =
2𝜙2𝐷𝑒

(𝑛 + 1)𝑐𝐴
𝑛−1𝑎2

  (52) 

𝑟𝑛 = 𝛼𝑝𝑘𝑛𝑐𝐴
𝑛 (53) 

The reaction rate for each reaction order (namely 0.5th, 1st, and 2nd) is defined using Eq. 

(53). The PR-DNS results of species conversion of reactant (A) for inlet mass fraction 

(xA) at 𝜙 = 10, simulated for the setup and flow properties in Table 16 is shown in Figure 

5.4. The reaction rate resistances increases with increase in reaction order, which is 

reflected in Figure 5.4. Thus, the reactant concentration (xA) gets consumed fastest at 0.5th 

order reaction. The reaction rate at the inlet is similar between cases, but slows down in 

the remainder of the domain in the cases with a higher reaction order as the reactant is 

consumed. 

Table 16: Flow properties for CFD simulation. The flow properties are based on the 
range of dimensionless parameters (Re, Pr, 𝜙) in the PR-DNS study. 

Parameter  Value 

Prandtl number 1 



 

 

 

Singhal - April 2018   119 

 

Reynolds number 100 

Thiele modulus 10; 5 

Temperature of Inlet (K) 1000 

Inlet mass fraction (species A) 0.1 

Heat of reaction (kJ/mol) 0 

Operating pressure (bar) 1 

Thiele modulus  𝜙 = 10 𝜙 = 5 

Molecular diffusivity (m2/s) 1.38889.10-5 5.55556.10-5 

Reaction rate constants 

 0.5th order 

 1st order 

 2nd order 

 

4.22.104 

1.00.104 

6.67.102 

 Gases Particles 

Dynamic Viscosity (µ) (kg/m . s) 1.10-5 

Density (ρ) (kg/m3) 1                                  2500 

Thermal conductivity (W/m K) 0.01                            500 

Molecular weight (kg/kg mol) 10                               10 

Specific heat (Cp) (J/kg K) 1000                           1000 

 

 

Figure 5.4. PR-DNS results for conversion of reactant (mass fraction of species A; xA) 
through a geometry of spherical particles (at plane y = 0; ԑ = 0.352, 𝜙 = 10, Pr = 1) for 
different reaction orders (0.5th, 1st, 2nd) respectively.  

The results of reactant conversion through the reactor from 1D model and PR-DNS 

compared for two different Thiele modulus values (𝜙 = 10, 5) over three different reaction 

orders is shown in Figure 5.5. Overall, the 1D model compares well with the PR-DNS 

simulations (with only a mild deviation for the 2nd order reaction). The change in reaction 

order is well captured by the 1D model, with overall reactant conversion decreasing with 

increased reaction order.   
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Figure 5.5. Comparison of the mass fraction (xA) of reactant conversion (of species A) 
between the two approaches (i) PR-DNS (represented by solid lines) (ii) 1D model 
(dashed lines) for [Top] Thiele modulus (𝜙=10), and [Bottom] 𝜙 = 5 for different reaction 
orders (0.5th, 1st, 2nd); along the height of the reactor geometry.  

5.3.2 Multiple reactions 

Chemical reaction systems often consist of multiple reactions or reactions with multiple 

reactants. This leads to interactions between species reaction and diffusion phenomena in 

the particle and could result in significant errors when using a single component mass 

transfer model. This section will therefore evaluate a number of different cases with 

multiple reactions/reactants to quantify the uncertainties that such reaction systems 

introduce to 1D packed bed modelling. The four investigated cases are briefly described 

below: 

1. A single catalytic reaction with two reactants (Case 1, Eq. (54)) 

2. Two reactions with one independent reactant each (Case 2, Eq. (55)) 

3. Two reactions consuming the same reactant at different rates (Case 3, Eq. (57), 

parallel reactions) 

4. Two reactions where the product of the first reaction is the reactant of the second 

(Case 4, Eq. (58), sequential reactions) 

In order to simplify the comparison between cases 1 and 2, the inlet reactant ratio (of A 

and B i.e. yA:B = 1:2) is kept same, and simulated for 𝜙 = 10, with flow properties for all 
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the reacting species [(Case 1 (Eq. (54)) and Case 2 (Eq. (55))] similar and given in Table 

16. The reaction rate constant (k2) for case 2 (Eq. (55)) is offset to 1000 1/s. The reaction 

rate constant (k1) for case 1 is defined based on the fixed reaction rate constant of case 2 

(Eq. (56)), by assuming the overall reaction rate from both cases to be equal at the reactor 

inlet. 

𝐴 (𝑔) + 𝐵 (𝑔) + 𝑠𝑜𝑙𝑖𝑑 → 𝐶 (𝑔) + 𝐷 (𝑔) + 𝑠𝑜𝑙𝑖𝑑           

𝑟𝐴 = 𝛼𝑝𝑘1 𝑐𝐴 𝑐𝐵           

             

(54) 

𝐴 (𝑔) + 𝑠𝑜𝑙𝑖𝑑 → 𝐶 (𝑔) + 𝑠𝑜𝑙𝑖𝑑; 𝑟𝐴 = 𝛼𝑝𝑘2𝑐𝐴               

(55) 𝐵 (𝑔) + 𝑠𝑜𝑙𝑖𝑑 → 𝐷 (𝑔) + 𝑠𝑜𝑙𝑖𝑑; 𝑟𝐵 = 𝛼𝑝𝑘2𝑐𝐵 

As may be expected, Figure 5.6 shows that the two independent reactions in Case 2 are 

well captured by the 1D model without any adjustment. For the multiple reactants in Case 

1, however, an adjustment was required to define the overall effectiveness factor as(𝜂 =

(𝜂𝐴
−1 + 𝜂𝐵

−1)−1) using the effectiveness factor definition for individual species in (Eq. 

(39)). If the effectiveness factor is defined according to the diffusion of only one reactant, 

Figure 5.6 shows that the 1D model significantly overpredicts the effective reaction rate.  

   𝑘1 =
𝑘2(𝑐𝐴,𝑖𝑛+ 𝑐𝐵,𝑖𝑛)

(𝑐𝐴,𝑖𝑛 𝑐𝐵,𝑖𝑛)
           (56) 

 For cases 3 and 4, the inlet reactant mole fraction yA is set to 1.  The reaction rate 

expressions simulated in these two cases are shown in Eq. (57) and (58).  

𝐴 (𝑔) + 𝑠𝑜𝑙𝑖𝑑 → 𝐵 (𝑔) + 𝑠𝑜𝑙𝑖𝑑;   𝑟 = 𝛼𝑝

2

3
𝑘2𝑐𝐴               

(57) 
𝐴 (𝑔) + 𝑠𝑜𝑙𝑖𝑑 → 𝐶 (𝑔) + 𝑠𝑜𝑙𝑖𝑑;  𝑟 = 𝛼𝑝

1

3
𝑘2𝑐𝐴 

In case 3 (Eq. (57)), the Thiele modulus value (Eq. (38)) for both the reactions must be 

calculated from the overall rate at which reactant A reacts. In other words, the Thiele 

modulus must be calculated according to the sum of the two reaction rates given in Eq. 

(57) (𝑟 = 𝛼𝑝𝑘2𝑐𝐴). Figure 5.7 shows that calculating the Thiele modulus from the lower 

reaction rate of each individual reaction results in an under prediction of the mass transfer 

limitation and an over prediction of the overall reactant conversion.  

𝐴 (𝑔) + 𝑠𝑜𝑙𝑖𝑑 → 𝐵 (𝑔) + 𝑠𝑜𝑙𝑖𝑑;  𝑟𝐴 = 𝛼𝑝𝑘2𝑐𝐴               

(58) 𝐵 (𝑔) + 𝑠𝑜𝑙𝑖𝑑 → 𝐶 (𝑔) + 𝑠𝑜𝑙𝑖𝑑;  𝑟𝐵 = 𝛼𝑝𝑘2𝑐𝐵 
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Case 4 (Eq. (58)), where the product of the first reaction is the reactant of the second, is 

more complex. As shown in Figure 5.7, simulating the B  C reaction according to the 

standard mass transfer model greatly under predicts the reaction rate, leading to a large 

over prediction in the mole fraction of B. This is simply because the A  B reaction 

releases species B directly inside the particle so that no mass transfer limitation is present. 

However, Figure 5.7 also shows that, when the mass transfer limitation is completely 

removed, the B  C reaction rate is over predicted. This suggests that some of the 

reactant B is consumed directly as it is formed inside the particle, but some must enter 

from outside the particle. 

 

Figure 5.6. Comparison of the mole fraction of reactant concentration (of species A and 
species B) for the simulated two cases [Top] case 1, and [Bottom] case 2 from  (i) PR-
DNS (represented by solid lines) (ii) 1D model corrected (dashed lines) ; along the height 
of the reactor geometry. Dotted line in Case 1 represents the predictions without 

adjusting the effectiveness factor as: 𝜼 = (𝜼𝑨
−𝟏 + 𝜼𝑩

−𝟏)
−𝟏

. 

As such, a simple blended model is proposed for this case, respecting the limits that 1) 

when 𝑟𝐵 ≪ 𝑟𝐴 in Eq. (58) the concentration of species B will be higher inside the particle 
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than outside and can be approximated as 𝑐𝐵/𝜂𝐴, and 2) when 𝑟𝐵 ≫ 𝑟𝐴 the B  C reaction 

will experience full mass transfer limitation (all reactant must come from outside the 

particle). Hence, the concentration of species B is divided into two parts (Eq. (59)): a part 

that is released inside the particle (𝑐𝐵,𝑖𝑛) experiencing no mass transfer resistance, and a 

part that resides outside the particle (𝑐𝐵,𝑜𝑢𝑡)  experiencing the full mass transfer 

resistance. The reaction rate 𝑟𝐵  in Eq. (58) is thus split into two reactions using the 

concentrations 𝑐𝐵,𝑖𝑛  and 𝑐𝐵,𝑜𝑢𝑡  where the former is simulated with no mass transfer 

limitations and the latter with complete mass transfer limitations. As shown in Figure 5.7, 

this blended model returns a reasonable prediction if 𝐶 = 5 in Eq. (59).  

𝑐𝐵,𝑖𝑛 =
𝑐𝐵

𝜂𝐴 + 𝐶
𝑟𝐵
𝑟𝐴

 

𝑐𝐵,𝑜𝑢𝑡 = max (𝑐𝐵 − 𝑐𝐵,𝑖𝑛, 0) 

 (59) 

  

Figure 5.7. Comparison of the mole fraction of reactant concentration (of species A and 

species B) for the simulated two cases [Top] case 3, and [Bottom] Case 4 from (i) PR-DNS 

(represented by solid lines) (ii) 1D model corrected (dashed lines); (dotted line) in Case 

4 represents the prediction including a full mass transfer model for reactant B, while 
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(interval line) represents a prediction without a mass transfer model; while in Case 3 

(dotted lines) represents the prediction with incorrect Thiele modulus.   

5.3.3 Reactions with gas volume generation/consumption 

Catalytic reactions that generate or consume gas volume without adding or removing 

mass create a gas density gradient in the particle. This gradient affects the flux at which 

gaseous reactants can diffuse into the particle(𝐷𝑒𝜌𝑔∇x𝑖). For gas generation, the gas 

density decreases towards the center of the particle, reducing the diffusive flux of reactant 

into the particle. As a result, the effective diffusivity used in the Thiele modulus 

calculation must be reduced in order to accurately model the resulting mass transfer 

resistance. Through the same mechanism, reactions that consume gas volume will 

enhance mass transfer into the particle and the effective diffusivity should be corrected in 

a similar manner.  

Simulations are carried out under similar conditions to previous Section 5.3.1 for a first 

order reaction with inlet reactant mass fraction now (xA = 1), to emphasize the effect of 

gas consumption or generation. To facilitate gas volume generation or consumption, the 

reaction stoichiometry as well as the gas species density and molecular weight are 

changed as outlined in Table 17. Five reactions are simulated: gas volume generation [(i) 

(b); (iii) (b)], gas volume consumption [(i) (a); (iii) (a)] and a base case (ii). Table 17 

shows that the cases are set up to change the gas volume by a factor of 5 or 2 upon 

reaction.  

As expected Figure 5.8 (right), shows significantly lower overall reactant conversion for 

gas volume generation than for gas volume consumption (Figure 5.8 (left)). This is 

quantified in Figure 5.9.  

Table 17: Different catalytic reactions with their gas specie properties and length scale 

Reactions 
Molecular weight  

(kg/kmol) 

Density 

(kg/m3) 

Analogous cases A B A B 

(i) (a)  A + (solid) → 0.2B + (solid) 

     (b)  A + (solid) → 5B + (solid) 

10 50 1 5 

10 2 1 0.2 

(ii)       A + (solid) → B + (solid) 10 10 1 1 

(iii) (a) A + (solid) → 0.5B + (solid) 10 20 1 2 
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       (b) A + (solid) → 2B + (solid) 10 5 1 0.5 

 

 

Figure 5.8. PR-DNS predictions of the reactant concentration (species A) for different 

reactions (Table 17) (at plane y = 0; ԑ = 0.352, 𝜙 = 10, Pr = 1) through a bed of porous 

spherical particles. [Note: The contours shown above are expressed on a scale (-log10 

(xA)); Blue suggests high, while Red means minimum].  

It was found that this effect could be accounted for by simply multiplying the effective 

diffusivity (Eq. (40)) by the ratio between the densities of the products and the reactants. 

If the products are lighter than the reactants (e.g., Cases (i) (b) and (iii) (b) in Table 17), 

this ratio will be smaller than 1, leading to a lower effective diffusivity, a higher Thiele 

modulus and a larger mass transfer resistance. Reactions where the products are heavier 

than the reactants will experience the opposite effect. Thus, the effective diffusivity is 

redefined as follows: 

De =
Dε

t

ρproducts

ρreactants
 (60) 

As illustrated in Figure 5.9, this simple adjustment to the intra-particle mass transfer 

model successfully captures the effect of gas volume generation/consumption over all the 

cases considered.  

5.3.4 Combined heat and mass transfer resistance 

In the previous sections, only the effect of mass transfer was considered. Therefore, in 

this section, the combined effect of heat and mass transfer limitations is presented. The 

first order reaction (Section 5.3.1) is simulated for the case at Thiele modulus (𝜙 = 10) 

and Prandtl number (Pr = 1) with properties given in Table 15. The effect of reaction 

enthalpies or heat of reaction on specie conversion is detailed using two different 
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endothermic (with dHrxn = 10 and 100 kJ/mol), one exothermic reaction (dHrxn = -10 

kJ/mol) and an isothermal case with (dHrxn = 0 kJ/mol).  

The case with Pr = 1 and 𝜙 = 10 involves large external heat and mass transfer limitations. 

Figure 5.10 showcases the ability of 1D model to predict similar results for reactant 

conversions with PR-DNS for these combined heat and mass transfer limited cases 

without any additional modifications to the model. 

 

Figure 5.9. Comparison of mass fraction of the reactant (species A) along the height of 
the reactor between PR-DNS (solid lines), modified 1D model (dashed lines) and 1D 
model (dotted lines) for different reaction cases in Table 17. The dotted lines represent 
the 1D model predictions without accounting for gas volume generation. The inlet 
specie concentration in case of 1D model has been adjusted to account for faster specie 
conversion at the inlet in PR-DNS results. 

 

Figure 5.10. Comparison of axial species profiles between PR-DNS (solid lines) and 1D 
simulations (dashed lines) for a packed bed of spherical particles at (ԑ = 0.355, Pr = 1, 
and 𝜙 = 10) for different heat of reactions (dHrxn in kJ/mol). 
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5.3.5 Steam methane reforming reactions 

After verifying the 1D model on hypothetical conditions for (i) different reaction orders 

(Section 5.3.1), (ii) multiple reacting species (Section 5.3.2) and (iii) gas volume 

influence (Section 5.3.3), a realistic test case can be explored. Steam methane reforming 

(SMR) reactions are considered in this section to detail the performance of 1D models in 

a realistic packed bed process when compared with PR-DNS. The reaction rate 

expressions used in this case are outlined in detail in the appendix.  

PR-DNS results for the steam methane reforming process can be seen in Figure 5.11. The 

gradients in the CH4 conversion (Figure 5.11 (top-left)) suggest the mass transfer 

limitations encountered by the reactant to diffuse inside the particle, while the constant 

concentration of H2 (Figure 5.11 (top-right)) inside the particles suggest limited resistance 

to product diffusion out of the particle (H2 has a high molecular diffusivity relative to 

other gases). Figure 5.11 (bottom) shows significant external heat transfer limitations.  

 

Figure 5.11. PR-DNS predictions of mole fraction of CH4 concentration (Top left], H2 
concentration [Top right] and fluid temperature (in K) [Bottom] at (plane y = 0; ԑ = 0.352) 
for inlet temperature 1100 ◦C, through a packed bed of porous spherical particles for 
steam methane reforming process.  
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To gain further insight into the intra-particle mass transfer phenomena in this steam 

methane reforming reaction system, radial profiles were extracted from a particle close to 

the inlet. Figure 5.12 shows the two most important insights from the radial particle 

profile. Firstly, it can be seen that, even though the SMR reaction system generates gas 

volume, the density inside the particle is essentially constant. This is primarily the result 

of the high diffusivity of H2 relative to the other gases in the system (~3x higher). In 

practice, this means that the adjustment for gas volume generation (Eq. (60)) is not 

required.  

Secondly, Figure 5.12 reveals a new challenge introduced by this equilibrium reaction 

system: no clear reaction order exists. The intra-particle mass transfer modelling 

discussed in this paper is based on the analytical solution of a simple first order reaction 

and relies on the assumption that the reaction rate constant used in the calculation of the 

Thiele modulus (Eq. (38)) remains constant in an isothermal particle. However, it is clear 

from Figure 5.12 that the approximate reaction rate constant defined according to Eq. (69) 

is not constant inside the particle. This is primarily due to the sharp increase in the reaction 

rate of the overall steam methane reforming reaction at low H2 concentrations (due to 𝑝𝐻2

3.5 

in the denominator of Eq. (67)) and could be corrected by adjusting the effective 

diffusivity (Eq. (40)) as follows: 

 

Figure 5.12. Radial profiles of gas density and the approximate reaction rate constant 
(Eq. (69))) in a particle close to the inlet of the simulated geometry. 

𝐷𝑒 =
𝐷𝜀

𝜏
𝑚𝑖𝑛(y𝐻2

0.2⁄ , 1)  (61) 
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Following these insights, the 1D model was run in comparison to the PR-DNS results for 

five different cases:  

1. Inclusion of all available model adjustments including multiple reactants (Eq. 

(54)), reactions consuming the same reactant (Eq. (57)), reactions consuming the 

products of other reactions (Eq. (58)), and the effect of a varying reaction rate 

constant (Eq. (61)).  

2. Deactivation of the adjustment for the varying reaction rate constant relative to 

Case 1. 

3. Deactivation of the adjustment for reactions consuming the products of other 

reactions relative to Case 2.  

4. Deactivation of the adjustment for reactions consuming the same reactant relative 

to Case 3. 

5. Deactivation of the adjustment for multiple reactants relative to Case 4. 

Figure 5.13 shows that only the adjustment for multiple reactants (difference between 

Cases 4 and 5) had a large impact on the 1D model performance. Cases 1-4 that included 

this effect all compare well to PR-DNS results. Close inspection also shows that the 

adjustment for the varying reaction rate constant (difference between Cases 1 and 2) had 

a minor effect close to the inlet where the overall steam methane reforming reaction is 

very fast. The interacting effects between the different reactions were insignificant 

because the overall steam methane reforming reaction (Eq. (64)) was much faster than 

the other two reactions in this case.  

 Conclusion 

This work presented a verification study of computationally efficient 1D packed bed 

models against data from computationally expensive, but highly accurate particle 

resolved direct numerical simulations (PR-DNS). The ability of the 1D model to account 

for several complexities such as different reaction orders, multiple reactions and 

reactants, interacting reactions and gas volume generation/consumption from reactions 

was evaluated. 
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Figure 5.13. Comparisons of different 1D model setups against PR-DNS results. 

Results showed that 1D modelling with conventional mass and heat transfer closures can 

accurately reproduce different reaction orders and multiple non-interacting reactions. 

However, model adjustments are required for reactions with multiple reactants, 

interacting reactions and reactions involving gas generation/consumption in the particle. 

Based on these results, enhancements were proposed, leading to substantial 

improvements in the 1D model performance.  

The resulting enhanced model was then used to simulate a steam methane reforming 

reaction system. Comparisons between PR-DNS and 1D modelling showed that only the 

adjustment for multiple reactants was important in this particular case.  Following this 

enhancement, the highly computationally efficient 1D model could accurately reproduce 

results from computationally expensive PR-DNS. 

 Appendix 

The steam methane reforming (SMR) reactions Eq. (62)-(64) are modelled with reaction 

inside the particle as summarized in Table 18. 

CH4 + H2O ↔ CO + 3H2       Rx1            (62) 

CO + H2O ↔ CO2 + H2          Rx2  (63) 

CH4 + 2H2O ↔ CO2 + 4H2   Rx3  (64) 
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The reactions are modelled according to the kinetic model (Eq. (65)-(67)) of Langmuir-

Hinshelwood (Oliveira et al., 2010; Xu and Froment, 1989) with the appropriate kinetic 

and equilibrium constants (kj and Kj) adapted from (Francisco Morgado et al., 2016; Ortiz 

et al., 2012; Zhou et al., 2013b) as outlined in Table 19.  

𝑟1 = 
𝑘1

𝑝𝐻2
2.5 (𝑝𝐶𝐻4

𝑝𝐻2𝑂 − 
𝑝𝐻2

3 𝑝𝐶𝑂

𝐾1
) /(𝐷𝐸𝑁)2            (65) 

𝑟2 = 
𝑘2

𝑝𝐻2

(𝑝𝐶𝑂𝑝𝐻2𝑂 − 
𝑝𝐻2

4 𝑝𝐶𝑂2

𝐾2
)/(𝐷𝐸𝑁)2  (66) 

𝑟3 = 
𝑘3

𝑝𝐻2

3.5 (𝑝𝐶𝐻4
𝑝𝐻2𝑂

2 − 
𝑝𝐻2

4 𝑝𝐶𝑂2

𝐾3
) /(𝐷𝐸𝑁)2  (67) 

𝐷𝐸𝑁 = 1 + 𝐾𝐶𝑂𝑝𝐶𝑂 + 𝐾𝐻2
𝑝𝐻2

+ 𝐾𝐶𝐻4
𝑝𝐶𝐻4

+ 𝐾𝐻2𝑂𝑝𝐻2𝑂/𝑝𝐻2
  (68) 

Table 18: Simulation parameters (PR-DNS) for steam methane reforming  

Parameters Value 

Particle diameter (dp) (m) 0.005 

Packed bed voidage (ԑ) 0.352 

Particle volume fraction (αp) 0.007 

Density (solid) (kg/m3) 2500 

Fluid velocity (m/s) 0.5 

Inlet mole fraction ratio (CH4:H20) 1:2 

Specific heat capacity (Cp) (solid) (J/kg/k) 1200 

Inlet temperature (◦C) 1100 

Operating pressure (bar) 20 

 

The adsorption coefficients (𝐾𝐶𝑂, 𝐾𝐻2
, 𝐾𝐶𝐻4

, and 𝐾𝐻2𝑂) of the gases are defined in in 

Table 20 (Oliveira et al., 2010). The particle thermal conductivity is kept to a high value 

(500 W/m.K; due to high assumed porosity of the particle), such that there are no 

considerable gradients for temperature inside the particles. The thermal conductivity and 

molecular diffusivity are calculated according to the kinetic theory of gases.  

Table 19: Kinetic and equilibrium parameters for reforming reactions 

 Kinetic parameters Equilibrium parameters 

Reactions k0,j Ea K0,j Ea 



Heat and mass transfer in gas-solid packed beds 

 

 

132  Singhal - April 2018 

 

Steam methane reforming (Rx1) 5.83 x 1011 218.55 x 103 1.2 x 1013 223.08 x 103 

Water gas shift (Rx2) 2.51 x 104 73.523 x 103 1.77 x 10-2 -36.58 x 103 

Overall steam methane reforming (Rx3) 4.67 x 1013 236.85 x 103 2.124 x 1011 186 x 103 

 

Table 20: Adsorption parameters for reforming reactions 

      Adsorption parameters 

Specie k0,i Ea 

CH4 6.66 x 10-4 -38.28 x 103 

CO 8.25 x 10-5 -70.65 x 103 

H2 6.15 x 10-9 -82.90 x 103 

H2O 1.77 x 105 88.68  103 

 

In order to determine the Thiele modulus for the SMR reactions, the reaction order must 

be identified. All the reactants are approximately first order, except for the H2O in Eq. 

(64), which is approximately second order according to Eq. (67). In addition, it was 

assumed that the reactions are controlled by reactant diffusion into the particle, and not 

by product diffusion out of the particle. This is a reasonable assumption given that the 

diffusivities of the species are similar, except for the product H2, which has a much higher 

diffusivity than the other species.  

Hence, the Thiele moduli for the different reactants were calculated as in the following 

example for the overall SMR reaction (Eqs. (64) and (67)): 

𝜙𝐶𝐻4
 = √  

𝑘𝑎2

𝐷𝐶𝐻4

, 𝑘 =
𝑟3

𝑐𝐶𝐻4

 
(69) 

𝜙𝐻2𝑂  = √ 
3

2

𝑘𝑐𝐻2𝑂𝑎2

𝐷𝐻2𝑂
, 𝑘 =

2𝑟3

𝑐𝐻2𝑂
2  

(70) 

 

Author Contributions: Arpit, and Schalk conceived the idea. Arpit designed, and 

performed the simulations; Rosa Quinta-Ferreira and Shahriar Amini supervised the 

work; Arpit Singhal wrote the paper. 

Arpit Singhal (Sign) 







 

 

 

Singhal - April 2018   133 

 

6 MULTISCALE MODELLING OF 

A PACKED BED REACTOR 

Abstract 

Packed bed reactors are broadly used in industry and are under consideration for 

novel reactor concepts such as packed bed chemical looping reforming (PBCLR). 

Mass and heat transfer limitations in and around the particles in packed bed 

reactors strongly affect the behaviour of these units. This study employs a 

multiscale modelling methodology to simulate a PBCLR reactor. Specifically, 

small-scale particle-resolved direct numerical simulation is utilized to improve 

large-scale mass transfer models for use in an industrial scale 1D model. Existing 

intra-particle mass transfer models perform well for simple first order reactions, 

but several model enhancements were required to model the more complex steam 

methane reforming reaction system. Three specific aspects required enhanced 

modelling: the generation of additional gas volume by the reforming reactions, 

the lack of clear reaction orders in the equilibrium reactions, and the diffusion of 

multiple reactant species into the particle. Large-scale simulations of the PBCLR 

reactor with the enhanced 1D model showed that the highly reactive Ni-based 

catalyst / oxygen carrier employed allows for the use of large particle sizes and 

high gas flowrates, offering potential for process intensification. ℹ 

 

 

 

 

 

 

ℹ This chapter is based on  
Arpit Singhal, S. Cloete, R.Q. Ferreira, S. Amini, Multiscale modelling of a packed bed 
chemical looping reforming (PBCLR) reactor, Energies, Vol 10 (12), 2056. 
Arpit Singhal, S. Cloete, R.Q. Ferreira, S. Amini, Multiscale modelling of a packed bed 
chemical looping reforming, Energy procedia, Vol 136, pp. 349-355 
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Nomenclature 

Greek Symbols 

α Volume fraction 

ε Void fraction 

φ Thiele modulus (Th) 

𝜂 Effectiveness factor 

ρ Density (kg/m3) 

Latin Symbols 

a Characteristic length of spherical particle (rp/3) 

Cp Specific heat capacity of gas [J/kg·K] 

Ea Activation energy [J/mol] 

he effective heat transfer coefficient [W/m2·K] 

k0 Arrhenius constant [1/s] 

kg Thermal conductivity of gas [W/m·K] 

Nu Nusselt number (h dp/kg) 

P Pressure [Pa], 1 bar = 101,325 Pa 

Pr Prandtl number (μ Cp/kg) 

R Gas constant [8.314 J/mol/K] 

r Radius [m] 

Re Reynolds number (ρ us dp/μ) 

Sc Schmidt number (μ/ρ D) 

T Temperature [K] 

us  Superficial velocity of the gas [m/s] 

xi Mass fraction of species i 

yi Mole fraction of species i 

Sub/superscripts 

g Gas 

p Particle 

 

 Introduction 

Packed beds are broadly deployed in the chemical and process industry, with a wide 

variety of uses in adsorption, heat exchangers, chemical reforming, etc. Gas-solid reaction 

systems in packed beds can be classified under heterogeneous catalytic and/or non-

catalytic reactions. Packed beds generally use relatively large particles to minimize 
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pressure drop over the reactor. These large particles result in significant mass and heat 

transfer limitations affecting the reactor performance. Significant research efforts have 

been invested over several decades to correctly model these limitations in catalytic and 

non-catalytic reactions, the latter being more complex as the solid is altered in the 

reactions (Ramachandran and Doraiswamy, 1982). 

With the development in the field of computational resources, it is now possible to obtain 

resolved 3D CFD simulations of flow around arrays of packed particles to directly 

simulate these mass and heat transfer limitations. Particle resolved direct numerical 

simulations (PR-DNS) provides insight into the local phenomena of velocities and void 

fractions in packed beds, which cannot be obtained from experiments. There have been 

several studies on intra particle diffusion, but most of these studies used the particles as 

the porous regions (Augier et al., 2010; Dixon et al., 2003; Karthik and Buwa, 2017; 

Magnico, 2009; Nijemeisland et al., 2004). A detailed review of several studies on intra 

particle diffusion is given by (Dixon, 2017) in a recent work with 3D CFD simulations 

for heterogeneous catalytic reactions in a tube packed bed (3 ≤ N ≤ 10). (Dixon, 2017) 

included reactions inside the catalytic particle for the endothermic steam methane 

reforming (SMR) reaction.  

The objective of the current work is to utilize multiscale modelling to improve the 

accuracy of 1D models for a packed bed process running SMR reactions. Firstly, PR-

DNS is used on a geometry of ~100 densely packed mono-disperse spherical particles (ԑ 

= 0.355) extracted according to the methodology outlined in our previous works (Singhal 

et al., 2017d, e, f). Secondly, the PR-DNS results are used to improve a computationally 

affordable 1D packed bed model (Cloete et al., 2016; Singhal et al., 2017a, c; Singhal et 

al., 2017d) which is based on appropriate models for effectiveness factor (Levenspiel, 

1999) and external heat and mass transfer (Singhal et al., 2017f). This method does not 

resolve any gradients inside the particles as is done in the models utilizing the colocation 

method (Dixon, 2017; Yang et al., 2016). As a result, the model is very fast so that it can 

be conveniently used for large-scale transient simulations of processes such as the packed 

bed chemical looping reforming (PBCLR) reactor investigated in this work.  

In essence, the PBCLR concept is an SMR reactor where the catalyst also acts as an 

oxygen carrier used in a typical chemical looping combustion reactor. The oxygen carrier 
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material can be reduced by fuel and subsequently oxidized by air to facilitate fuel 

combustion without any direct contact between N2 and CO2. In this way, the PBCLR 

process supplies heat to the endothermic SMR reactions by combusting fuel with 

integrated CO2 capture. Given that the heat is directly stored in the catalyst / oxygen 

carrier particles, the process also achieves perfect heat transfer from fuel combustion to 

the SMR reactions.  

The process configuration incorporating the PBCLR reactors will be similar to the gas 

switching reforming (GSR) reactor concept previously investigated by the authors 

(Francisco Morgado et al., 2016; Wassie et al., 2017), with the main difference being the 

use of packed beds instead of fluidized beds. As in the GSR concept, a cluster of several 

dynamically operated PBCLR reactors will be required to create a steady state process 

unit. The efficient GSR process configuration for pure hydrogen production can also 

utilize PBCLR reactors. Specifically, process efficiency is maximized by feeding the off-

gas fuel from the pressure swing adsorption (PSA) unit back to the fuel stage of the 

PBCLR reactors, thus ensuring complete fuel conversion and CO2 capture with no direct 

energy penalty. 

 Methodology 

6.2.1 PR-DNS setup 

The realistically packed bed geometry of monodisperse spherical particles (ԑ = 0.355) is 

generated using the discrete element method (DEM) in ANSYS FLUENT as explained 

in detail in our previous works (Singhal et al., 2017e, f). The geometry is meshed with 

polyhedral elements using FLUENT Meshing both inside and outside the particles with a 

cell size of dp/30 on the particle surfaces. A growth rate of 20% is used to propagate the 

mesh into the domain. More detail can be obtained from previous work of the authors 

(Singhal et al., 2017a, c; Singhal et al., 2017d, e, f).  

The SMR reaction takes place inside the porous particles (grain model (Szekely, 1976)) 

according to Eq. (71)-(73). The simulation parameters used are given in Table 21. The 

reactions were modelled using the kinetic model of Langmuir-Hinshelwood proposed by 

Xu and Froment (Xu and Froment, 1989) with appropriate kinetic and equilibrium 

constants from (Oliveira et al., 2010). Simulations are completed for three different values 
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for inlet temperature (Table 21). The molecular diffusivity and gas thermal conductivity 

are obtained according to the kinetic theory of gases. 

CH4 + H2O ↔ CO + 3H2     R x 1 (71) 

CO + H2O ↔ CO2 + H2     R x 2 (72) 

CH4 + 2H2O ↔ CO2 + 4H2     R x 3 (73) 

Table 21. Simulation parameters for PR-DNS 

Parameter Value Parameter Value 

Particle diameter (dp) (m) 0.005 Inlet mole fraction ratio (CH4:H20) 1:2 

Packed bed voidage  0.355 Specific heat capacity (Cp) (solid) (J/kg/k) 1200 

Particle void  

fraction (internal) 
0.3 Thermal conductivity (solid) (W/m.K) 1.0 

Density (solid) (kg/m3)      2500 Operating pressure (bar)       20 

Gas velocity (m/s) 0.5 Inlet temperature (◦C) 1100,1000,900 

6.2.2 1D packed bed model 

The 1D model setup used is developed considering 100 cells in one direction with solid 

phase velocity fixed to zero in all these cells. The model is consistent with the previous 

work of the authors (Cloete et al., 2016; Singhal et al., 2017a; Singhal et al., 2017d). The 

closures (Levenspiel, 1999; Singhal et al., 2017f) represented in Eqns. (74)-(77) are used 

in conjunction with the same reaction kinetics and boundary conditions as the PR-DNS 

simulation. The Thiele modulus (𝜙) represents the ratio of kinetic rate to diffusion rate, 

so higher values represent greater mass transfer limitation. The effective diffusivity (𝐷𝑒) 

is composed of the molecular diffusivity (𝐷), the internal void fraction of porous particles 

(𝜀 = 0.3) and the tortuosity (𝜏 = 1). In realistic cases, tortuosity will be greater than 1, but, 

since tortuosity cannot be directly resolved in PR-DNS, it was omitted by setting 𝜏 = 1. 

A more realistic tortuosity of 𝜏 = 3 was used in the large scale simulations of the PBCLR 

reactor presented at the end of the paper.  

 

𝑁𝑢 = 2.67 + 0.53𝑅𝑒0.77𝑃𝑟0.53   (74) 
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𝜙 = 𝑎√
𝑛 + 1

2

𝑘𝑐𝑛−1

𝐷𝑒
   (75) 

𝜂 =
1

𝜙
(

1

tanh(3𝜙)
−

1

3𝜙
)   (76) 

𝐷𝑒 =
𝐷𝜀

𝜏
 (77) 

In comparison to the previous work (Singhal et al., 2017a; Singhal et al., 2017d), four 

important complications are introduced: multiple reactions, multiple reactants per 

reaction, the generation of gas volume during the reaction, and reactions without a clear 

reaction order. However, the effect of multiple reactions is not so important because the 

overall steam methane reforming (OSMR) (Rx3) reaction is much faster than the others. 

Comparisons between the PR-DNS and 1D modelling showed that the remaining three 

effects required adjustments to the 1D model to yield accurate results. In this way, results 

from the PR-DNS scale were used to propose model improvements to increase the 

accuracy of large scale 1D simulations. The resulting enhanced 1D model was then used 

to simulate a large scale packed bed chemical looping reforming (PBCLR) reactor.  

The complexity of the catalytic SMR reactions involving gas volume generation and 

reactions without a clear reaction order posed the most important challenge. The standard 

intra-particle mass transfer model (Eq. (76)), was derived for a simple first order reaction 

without any gas volume generation, and significant adjustments were necessary to 

achieve accurate results in the more complex SMR reaction system. The reaction rate 

expression for the OSMR reaction, which is about an order of magnitude faster than the 

others, is given below as an example (Xu and Froment, 1989).  

 

𝑟𝑂𝑆𝑀𝑅 = 
𝑘𝑂𝑆𝑀𝑅

𝑝𝐻2

3.5 (𝑝𝐶𝐻4
𝑝𝐻2𝑂

2 − 
𝑝𝐻2

4 𝑝𝐶𝑂2

𝐾𝑂𝑆𝑀𝑅
) /(𝐷𝐸𝑁)2 (78) 

𝐷𝐸𝑁 = 1 + 𝐾𝐶𝑂𝑝𝐶𝑂 + 𝐾𝐻2
𝑝𝐻2

+ 𝐾𝐶𝐻4
𝑝𝐶𝐻4

+ 𝐾𝐻2𝑂𝑝𝐻2𝑂/𝑝𝐻2
 (79) 

 

The OSMR reaction can be viewed as approximately first order with respect to CH4 and 

second order with respect to H2O. With this in mind, Thiele moduli (i.e. Eq. (75)) can be 
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calculated from approximate reaction rate constants defined by dividing the reaction rate 

by the appropriate reactant species concentrations: 

𝜙𝐶𝐻4
 = 𝑎√  

𝑘

𝐷𝑒,𝐶𝐻4

, 𝑘 =
𝑟𝑂𝑆𝑀𝑅

𝑐𝐶𝐻4

 (80) 

𝜙𝐻2𝑂  = 𝑎√ 
3

2

𝑘𝑐𝐻2𝑂

𝐷𝑒,𝐻2𝑂
, 𝑘 =

2𝑟𝑂𝑆𝑀𝑅

𝑐𝐻2𝑂
2  

(81) 

The challenge posed by this practice is that the reaction rate constants, 𝑘, defined in this 

manner vary with the species concentration, especially when the hydrogen partial 

pressure (𝑝𝐻2
 in Eq. (78)), is low (due to 𝑝𝐻2

3.5  in the denominator). As a result, this 

approximation of the reaction rate constant will generally decrease towards the centre of 

the particle as more H2 is formed by CH4 and H2O diffusing into the particle. The mass 

transfer model (Eq. (76)) assumes a reaction rate constant that actually remains constant 

with changing reactant concentrations (in an isothermal particle) and will therefore over 

predict the effective reaction rate in this case.  

This reaction rate over prediction is further augmented by the generation of additional gas 

volume by the SMR (Eq. (71)) and OSMR (Eq. (73)) reactions. Additional volume of 

lighter gases will create a density gradient inside the particle with lower densities in the 

particle centre. A gradual decrease in gas density within the particle slows down the 

diffusive flux (𝐷𝜌𝑔𝛻𝑥𝑖) of the incoming reactants. This effect is not accounted for in the 

standard mass transfer model (Eq. (76)) and will therefore lead to further over predictions 

of the effective reaction rate.  

Comparisons between PR-DNS and 1D model results revealed that these effective 

reaction rate over predictions can be accurately accounted for by adjusting the effective 

diffusivity (𝐷𝑒) for use in the calculation of the Thiele modulus (Eq. (75)). To account 

for the gas volume generation, dedicated PR-DNS simulations revealed that the effective 

diffusivity simply needs to be multiplied by the ratio of the gas density of reaction 

products to reactants. For example, the ratio is 0.5 for the SMR reaction (2 moles of 

reactants yield 4 moles of products) and 0.6 for the OSMR reaction (3 moles of reactants 

yield 5 moles of products). This adjustment (Eq. (82)) will lower the effective diffusivity 

in reactions with gas volume generation, leading to a higher Thiele modulus and a lower 

effectiveness factor.  
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𝐷𝑒 =
𝐷𝜀

𝜏

𝜌𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠

𝜌𝑟𝑒𝑎𝑐𝑡𝑎𝑛𝑡𝑠
  (82) 

The sensitivity of the approximated reaction rate constant to reactant concentrations at 

low values of 𝑝𝐻2
 required a similar adjustment. In this case, it was found that an almost 

perfect match to PR-DNS data could be achieved if the effective diffusivity in the OSMR 

reaction is adjusted by the factor  𝑚𝑖𝑛(𝑦𝐻2
𝛼⁄ , 1), thus increasing the effective mass 

transfer resistance at low values of 𝑝𝐻2
 where the reaction rate constants defined in Eqs. 

(80) & (81) will decrease rapidly towards the inside of the particle. Thus, the effective 

diffusivity in the OSMR reaction is defined as follows: 

𝐷𝑒 =
𝐷𝜀

𝜏

𝜌𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠

𝜌𝑟𝑒𝑎𝑐𝑡𝑎𝑛𝑡𝑠
𝑚𝑖𝑛(y𝐻2

0.2⁄ , 1)  (83) 

Finally, PR-DNS results revealed that it is important to account for the intra-particle 

diffusion resistance of multiple reacting species. This could be accomplished by simply 

treating the effectiveness factors calculated for individual reactants via Eq. (76) as parallel 

resistances: 

1

η
=

1

η1
+

1

η2
  (84) 

Experience also showed that the heat transfer rate (described by Eq. (74)) had to be 

multiplied by a factor (𝛽 < 1) to match well with PR-DNS results. The modification 

factor ( 𝛽 ) becomes necessary because of the multifluid approach followed in the 

simulations. The multifluid approach is a convenient method for this problem, but it 

models the solid and fluid phase as interpenetrating continua and can therefore lead to 

numerical inaccuracies when the volume fraction field changes abruptly (as is the case on 

the surface of the particles).  

Because of this numerical challenge, the external heat transfer rate was significantly under 

predicted by the PR-DNS simulations using the multifluid approach relative to a PR-DNS 

simulation where particle surfaces are designated as walls (Singhal et al., 2017e, f). This 

required the use of the factor, 𝛽, when comparing the PR-DNS and 1D simulation results. 

The generalised correlation for obtaining the modification factor based on the Reynolds 

number is fitted as shown in Figure 6.1 represented by 𝛽 = 5.8582 × 10−6𝑅𝑒2 −
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2.8859 × 10−3𝑅𝑒 + 9.5924 × 10−1. The equation is valid up to Reynolds number (Re 

< 200) and for the packed bed with particle void fraction (~0.35), used in this work.  

 

Figure 6.1. Modification factor fitted over a range of Reynolds number for packed bed 

of spherical particles (with particle void fraction of 0.35). 

 Results 

6.3.1 PR-DNS results 

Contour plots for methane mole fraction and temperature are shown in Figure 6.2. The 

effects of heat and mass transfer limitations are clearly visible. A gradual species 

concentration gradient is visible inside the particles (Figure 6.2, left) signifying an 

internal mass transfer limitation. However, the temperature inside the particles is 

relatively uniform (Figure 6.2, right), implying that external heat transfer limitations 

dominate.  

6.3.2 Comparison of 1D model to PR-DNS results 

Figure 6.3 illustrates the influence of the 1D model adjustments proposed from PR-DNS 

through this multiscale modelling exercise. Clearly, use of the standard intra-particle 

mass transfer model (Eqs. (75)-(77)) results in substantial over predictions of the effective 

reaction rate. This is evident from the dotted lines in Figure 6.3 showing that methane is 

consumed and hydrogen is produced too rapidly. The temperature also drops too rapidly 

due to the over prediction of the endothermic reaction rate.   
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When the effect of gas volume generation Eq. (82) is included and the effectiveness factor 

is calculated from the parallel mass transfer resistances (Eq. (84)) instead of only the 

reactant with the highest Thiele modulus, the solution improves markedly. The dashed 

lines in Figure 6.3 show that these adjustments still show significant deviations in the 

slopes of the curves at the start of the domain, while the slopes become similar further 

away from the inlet. This implies that the reaction rate close to the inlet remains too high.  

 

Figure 6.2. PR-DNS results for molar concentration of CH4 (left) and gas temperature (K) 

variation at 1000 °C (1273 K) inlet temperature. 

 

Figure 6.3. Comparisons of different 1D model formulations to PR-DNS data at three 
different inlet temperatures. In each graph, the circles represent the PR-DNS results, the 
solid lines represent the full 1D model with all the proposed adjustments, the dashed 
lines represent the exclusion of the adjustment for the varying reaction rate constant 
(Eq. (83)), and the dotted lines represent the exclusion of all model adjustments (Eqs. 
(82)-(84)). 
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In this region, the hydrogen mole fraction is low, emphasizing the effect of the varying 

reaction rate constant as defined in Eqs. (80) & (81). The solid lines in Figure 6.3 show 

that the adjustment to the effective diffusivity proposed in Eq. (83) with the model 

coefficient α set to 0.2 resulted in an excellent match to the PR-DNS results. These results 

show that this fully adjusted model is generally accurate over a wide range of 

temperatures and gas species concentrations. The Thiele moduli (Eq. (75)) and 

effectiveness factors (Eq. (76)) in the three cases varied over wide ranges (ϕ = 0.5 to 90 

and η = 0.006 to 1) proving that the model accurately describes a broad range of intra-

particle mass transfer resistances in the SMR reaction system. 

6.3.3 The packed bed chemical looping reforming process 

The mass transfer model from the previous sections (solid lines in Figure 6.3) is employed 

to simulate the behaviour of an industrial scale packed bed chemical looping reforming 

(PBCLR) reactor. One important difference from the small scale comparison in the 

previous section is that the tortuosity was set to a more realistic value of 3 to increase the 

mass transfer resistance simulated in the PBCLR reactor. As mentioned in the discussion 

of Figure 6.3, the proposed model enhancements perform well over a wide range of Thiele 

moduli and effectiveness factors. Good accuracy can therefore also be expected in this 

case where the Thiele modulus would be moderately increased by a factor of √3 by 

increasing the tortuosity from 1 to 3 in Eq. (77). In addition, the modification to the heat 

transfer correlation that was required only for comparison to the PR-DNS results (Figure 

6.1) is not included in this large scale simulation.  

As outlined in the introduction, the PBCLR process consists of three stages: oxidation 

with air, reduction with residual fuel from the PSA unit, and reforming of methane with 

steam. The PBCLR process is very similar in nature to the packed bed chemical looping 

combustion (PBCLC) process (Cloete et al., 2016; Noorman et al., 2007). The primary 

difference between PBCLR and PBCLC is that the heat from fuel combustion is used for 

the endothermic reforming reaction (PBCLR) instead of driving a gas turbine for power 

production (PBCLC).  

Heterogeneous reactions occurring in the oxidation and reduction stages are described by 

the kinetics for Ni40Al-FG oxygen carrier given in Abad et al (Abad et al., 2007). These 

extremely fast reactions are moderated by the mass transfer limitation model presented in 
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Yang et al (Yang et al., 2016). Even with this mass transfer limitation, the overall reaction 

rate of this highly active oxygen carrier remained very high and had to be lowered by an 

additional order of magnitude to allow for reasonably large time steps in the simulation 

with 5 mm particles (Figure 6.4 and Figure 6.5). This artificial lowering of the reaction 

rate did not have a significant influence on the results because the reactions remained fast 

enough to create almost perfect plug-flow behaviour of the reactor during these two 

stages. Note that this artificial modification was not required for the final simulation with 

20 mm particles (Figure 6.6) due to the larger mass transfer limitation in this case.   

Boundary conditions for the reactor simulation are given in Table 22. Gas flow rates were 

selected to keep the maximum reactor pressure drop below 1 bar (the classic Ergun 

pressure drop equation (Ergun, 1952) was employed). Other important simulation 

information is summarized in Table 23. In addition, the effective thermal conductivity 

model of  (Tsotsas and Martin, 1987) was implemented and that the heat capacities of Ni, 

NiO and Al2O3 were implemented as functions of temperature based on data from Robie 

et al. (Robie and Hemingway, 1995).  

Table 22. Boundary conditions employed in the PBCLR simulation. 

Stream 
Stage 
time (s) 

Inlet velocity 
(m/s) 

Inlet 
temperature (ᵒC) 

Composition (mole 
fraction) 

Compressed air to oxidation 
stage 

900 0.4 420 
O2 0.21 

N2 0.79 

PSA off-gas fuel to reduction 
stage 600 0.2 350 

H2 0.150 

CO 0.150 

CH4 0.175 

H2O 0.025 

 CO2 0.500 

Methane and steam to the 
reforming stage 

900 0.25 200 
CH4 0.333 

H2O 0.667 

 

Table 23. Miscellaneous simulation parameters used in the PBCLR simulation. 

Parameter Value 

Bed length 10 m 

Active content (fully reduced) 20% Ni 
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Oxygen carrier density 2500 kg/m3 

Reactor void fraction 0.4 

Particle void fraction 0.3 

Particle tortuosity 3 

Particle diameter 5 mm 

Reactor outlet pressure 18 bar 

 

Transient outlet gas stream composition and temperature from one cycle of oxidation, 

reduction and reforming stages are shown in Figure 6.4. The first 900 s of the cycle is the 

oxidation stage where all the oxygen in the incoming air is consumed and only nitrogen 

exits the reactor. Even though a lot of heat is released from the exothermic oxidation 

reaction, the outlet gas temperature remains relatively low due to the plug-flow nature of 

the PBCLR reactor.  

The reduction stage takes place during the next 600 s of the cycle. All the incoming fuel 

gases are converted to CO2 and H2O during this stage and the heat generated during the 

preceding oxidation stage starts to exit the reactor. 

Finally, the reforming stage takes place in the final 900 s of the cycle. As shown just after 

1500 s in Figure 6.4, the first few seconds of the reforming stage still yields combustion 

products (CO2 and H2O) because the oxygen carrier was not fully reduced at the end of 

the preceding reduction stage. Full reduction of the oxygen carrier in the reduction stage 

can lead to some fuel slip that will reduce process efficiency and reduce CO2 purity. 

During the remainder of the reforming stage, the oxygen carrier is fully reduced and 

catalyses the steam methane reforming reactions.  

The temperature close to the reactor outlet primarily influences the outlet gas composition 

during the reforming stage. During the first ~600 s of the reforming stage, the temperature 

in this region of the reactor is high, leading to almost complete methane conversion and 

high hydrogen yield. However, the last ~300 s of the reforming stage sees a substantial 

drop in the temperature close to the reactor outlet, leading to much lower methane 

conversion. Ideally, the reforming stage would be stopped before this drop in conversion 

occurs, but the reactor must be cooled down before the next oxidation stage to prevent 

overheating of the oxygen carrier. Fortunately, the PBCLR process can afford a 
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substantial amount of fuel slip during reforming because the unconverted methane is 

returned to the reduction stage of the PBCLR reactor from the PSA unit.   

 

Figure 6.4. Outlet gas species composition and temperature during one PBCLR cycle. 

 

For more insight into the reactor behaviour, Figure 6.5 shows axial reactor profiles at 

various points in the cycle. As outlined earlier, most of the reactor is hot at the end of the 

oxidation stage, but the heat generated during the reaction has not yet reached the reactor 

outlet. At the end of the reduction stage, the axial profiles show that catalytic reactions 

take place in the part of the reactor that is fully reduced (<8 m) and the resulting reformed 

fuel gases react rapidly in a narrow reaction front just after 8 m.  

During the reforming stage, the gas composition closely tracks the local oxygen carrier 

temperature. Higher temperatures lead to a higher equilibrium conversion and more heat 

consumption by the endothermic reforming reactions. As a result, the reactor is cooled 

down by the reforming reactions in a plug-flow manner. However, Figure 6.5 shows that 

the temperature gradient developing in the bed during the reforming stage is not very 

sharp. This causes the large amount of unconverted methane shown at the end of the cycle 

in Figure 6.4 as the reforming stage must be continued until the end of the reactor is at a 

low enough temperate to accommodate the large temperature rise in the subsequent 

oxidation stage.  

Another clear feature from Figure 6.5 is that, despite the significant mass transfer 

limitations implemented, the reforming reactions are generally fast enough to get very 
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close to the equilibrium conversion at all points in the reactor. This can be observed from 

the very strong correlation between the hydrogen mole fraction and the temperature. For 

this reason, the PBCLR reactor can be designed with substantially larger particles, 

allowing for a larger gas flowrate. To investigate this possibility, the simulation was 

repeated with gas feed rates double the values given in Table 22 and a particle size that is 

quadruple the value given in Table 23 (20 mm). This modification allows the pressure 

drop to stay roughly constant. In addition, the stage times in Table 22 were halved to 

accommodate the doubling in the gas feed rates. 

 

Figure 6.5. Axial profiles of species and temperature in the PBCLR reactor at the end of 
the oxidation stage [top left – 900 s in Figure 6.4], end of the reduction stage [top right 
– 1500 s in Figure 6.4], middle of the reforming stage [bottom left – 1950 s in Figure 

6.4], and end of the reforming stage [bottom right – 2400 s in Figure 6.4]. 
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The resulting outlet gas composition and temperature profiles are plotted in Figure 6.6. 

In comparison to Figure 6.4, the very fast redox reactions ensure that the oxidation and 

reduction stages are almost unchanged, aside from a slight increase in the average outlet 

temperature. This increased temperature is the result of less reaction occurring in the 

reforming stage to consume heat.  

 

Figure 6.6. Outlet gas species composition and temperature during one PBCLR cycle 
with 2x higher gas feed over 4x larger particles than Figure 6.4. 

The increased mass transfer limitations in the reforming stage are more clearly visible. In 

general, methane slip starts significantly earlier than was the case in Figure 6.4, and the 

maximum rate of change in species and temperature outlet profiles is smaller. However, 

even with such very large particles, the reaction rate remains quite high, allowing for good 

conversion of the incoming fuel. PBCLR using a highly reactive Ni-based oxygen carrier 

can therefore benefit from significant process intensification via high gas throughput rates 

and, possibly, shorter reactors. 

 

Author Contributions: Arpit, and Schalk conceived the idea. Arpit and Schalk designed, 

and performed the simulations, Schalk did the PBCLR simulations; Rosa Quinta-Ferreira 

and Shahriar Amini supervised the work; Arpit and Schalk wrote the paper. 

Arpit Singhal (Sign) 
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7 MULTISCALE MODELLING 

FOR NON-RESOLVED 3D 

SIMULATIONS 

Abstract 

This work presents a modelling study of gas-particle heat transfer on two distinct scales. Firstly 

direct numerical simulations (DNS) are conducted in a geometry of spherical particles 

generated via the discrete element method (DEM). Simulations are completed on random 

particle arrays ranging from a void fraction of 0.9 to maximum packing over a range of 

Reynolds number. The geometry is meshed with a fine Cartesian cutcell mesh both inside and 

outside the particles. These DNS results are then used to provide improved heat transfer 

closures to an unresolved Lagrangian modelling approach which can be used to simulate much 

larger particle beds. The unresolved Lagrangian approach also incorporates a 1D heat 

conduction model to directly simulate heat transfer inside the particles. This model is then 

verified against DNS data in geometries where wall effects and intra-particle heat transfer, 

both of which are directly accounted for by the Lagrangian approach, are important. These 

new heat transfer closures derived are applicable to infinitely large beds. The CFDEM 

simulations adjust these 1D closures for narrow geometries with a low D/d ratio. Minor 

differences in results are discussed and the achievable computational speedup by this 

approach is quantified. ℹ 

 

 

 

 

 

 

ℹ This chapter is based on Arpit Singhal, S. Cloete, S. Radl, S. Amini, Multiscale 
modelling of heat transfer from arrays of spherical particles, in proceedings of 9th 
International conference on Multiphase flows (ICMF) 2016, Firenze, Italy. 
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 Introduction 

Packed and fluidized bed reactors are broadly deployed in chemical, petrochemical and 

pharmaceutical industry. The prediction of transport parameters in such reactors is not an 

easy task and has been a central research topic for many decades.  

Recently, DNS (Direct numerical simulation) for a coupled concept of CFD-DEM has 

emerged as a useful tool to obtain reliable predictions of heat transfer, considering the 

uncertainties involved in the experimental correlations. There are several correlations in 

the literature for heat transfer predictions utilising this concept of PR-DNS (particle 

resolved DNS). 

An empirical correlation valid in both packed and fluidized beds over a range of porosity, 

Reynolds numbers and Prandtl numbers for heat and mass transfer was presented by 

(Gunn, 1978). The study by (Tavassoli et al., 2015) recently recommended the Gunn 

correlation (Gunn, 1978) only for dilute systems with porosity (ԑ>0.7).  

DNS is used to improve the accuracy of the model from (Gunn, 1978) for monodisperse 

particles by increasing the range of porosity and Reynolds numbers (Deen et al., 2012; 

Deen et al., 2014). The concept of using PR-DNS to obtain a similar observation like 

(Deen et al., 2014) was introduced by (Sun et al., 2015; Tenneti et al., 2013). These 

models suggested an empirical correlation for packed beds with better prediction for heat 

and mass transfer. 

Generally, a constant particle surface temperature is considered when modelling arrays 

of particles for deriving heat transfer correlations. This approach neglects the effects of 

intra particle temperature gradients which can lead to inhomogeneous particle surface 

temperatures. The only complete model to consider the conduction in packed beds is 

introduced by (Oschmann et al., 2016) hence representing the temperature distribution 

inside particles in a packed bed.  

In this work, the goal is to develop correlations for heat transfer based on the non-

homogenous temperature distribution via a constant heat source implemented in all 

particles. These results can then be compared with correlations derived from simulations 

with a fixed particle temperature. The comparison between the correlations to predict heat 



 

 

 

Singhal - April 2018   151 

 

transfer with non-homogenous and homogenous particle surface temperatures is 

documented.  

Then the verification of the correlation with homogenous surface temperatures is obtained 

by utilizing the correlation to predict the heat transfer in an unresolved Euler-Langrangian 

model implemented in CFDEM®-Coupling (Goniva et al., 2012; Kloss et al., 2012). To 

account for the heat transfer inside the particles, inclusion of the 1D model code 

PARSCALE (S. Radl, 2015) is used. Such an approach paves the way for computationally 

efficient, yet accurate, predictions of fluid-particles systems characterized by large 

temperature gradients inside and outside of the particles. 

 Methodology 

7.2.1 DEM (particle bed generation) 

In this work ANSYS FLUENT and Design Modeler are used to generate the packed bed 

using the DEM (Discrete Element Method) approach according to Table 24. The particles 

are injected in the reactor geometry without the gravity force with a high degree of 

overlap. Large repulsive forces are generated because of these overlapping particles, thus 

initiating random particle motions. After 20 s of random translation and collision of the 

particles in the DEM simulation, the resulting random packed bed of the particles is 

obtained. Particle positions are exported to Design Modeler and particles which are very 

close to each other are cut with a small cylindrical geometry to ensure at least dp/25 m of 

space between all particles. This results in a geometry which can be meshed with a good 

quality mesh. 

Table 24. DEM simulation setup 

Parameters Law Value 

Number of particles  350 

Diameter of the particles (dP) (m)  0.001 

Particle normal force Spring Dashpot for DEM  
 

Spring dashpot  
K = 1250 
Eta = 0.9 

Particle tangential force parameter for DEM  Friction-dshf  

mu-stick = 0.5 
mu-glide = 0.2 
mu-limit = 0.1 
 

Time step (s)  5x10-05 
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7.2.2 Mesh 

The packed bed reactor geometry is meshed with refined cutcell mesh using ANSYS 

Meshing both inside and outside the particles. 

 

Figure 7.1. The section (y=0) of the reactor geometry with cutcell mesh 

Table 25. Mesh sizing details 

Parameters Value 

The cell size of surface mesh on the particles (m) 4e-05 

Maximum face size for the mesh (m) 2e-04 

Resolution of mesh on particles for DNS dp/25 

Growth rate of mesh 1.2 

7.2.3 CFD (DNS) 

ANSYS FLUENT is used to perform the DNS in the resulting geometry. The SIMPLE 

algorithm with 2nd order spatial discretization is used for the DNS simulations. Further 

details of the simulation are given below. 

7.2.3.1 Model equations 

The conservation equations of continuity, momentum, and energy for the incompressible, 

steady state, Newtonian fluid solved for the DNS in this paper are given by 

∇. 𝑢⃗ = 0 (85) 

∇. (𝜌𝑢⃗ 𝑢⃗ ) =  −∇𝑝 −  𝜇∇2𝑢⃗ +  𝜌𝑔  (86) 

𝜌𝐶𝑝∇. (𝑇𝑢⃗ ) = 𝐾𝑓∇
2𝑇 (87) 
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Steady DNS was found to be sufficient as transient fluctuations were not forming in the 

channels between particles at the Reynolds numbers investigated in this work. Rotational 

particle motion was not solved as this was not necessary to obtain a randomly dispersed 

particle array. 

7.2.3.2 Boundary conditions 

The reactor is contained with a velocity inlet and pressure outlet. While the reactor walls 

are maintained at a condition of zero heat flux with no-slip condition. The particles 

contain a constant heat source of 1e07 W/m3 integrated in the centre of all the cells inside 

the particles to obtain the correlation with heat source. In order to obtain the correlation 

with constant temperature, particles are maintained at a fixed temperature of 573 K.  

𝜑𝑃→𝑓 = ℎ × (𝑎𝑣. (𝑇𝑃)  −  𝑇𝑏𝑢𝑙𝑘) 

𝜑𝑃→𝑓 = ℎ × (𝑎𝑣. (𝑇𝑃)  −  𝑇𝑎𝑣) 
(88) 

The heat transfer coefficient (h) is computed using the Eqn. (88), where (TP) is the average 

for all the particle surface temperatures and (Tbulk) is the bulk fluid temperature and (Tav) 

is the average fluid temperature. Two different averaging procedures for Tbulk and Tav are 

discussed in Section 7.2.4. 

7.2.4 Average procedure 

The exact procedure for computing the locally-averaged fluid temperature experienced 

by the particles in the reactor is relevant, since it directly impacts the local heat transfer 

coefficient. Therefore, the concept of the bulk fluid temperature (Tbulk) used by (Deen et 

al., 2012) can be followed, suggesting that the fluid temperature should be computed in 

several planes perpendicular to the flow direction. Deen et al.’s approach is based on the 

so-called cup-mixing temperature, i.e., a flux-weighted temperature. In contrast, (Sun et 

al., 2015) used the average fluid temperature (Tav) to obtain the heat transfer predictions. 

In this paper both approaches are evaluated, and bulk as well as the average fluid 

temperatures are calculated. These temperatures are then used to formulate correlations, 

which are then verified against the unresolved model to obtain the correct averaging 

procedure. 
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The averaging procedures are given in Eq. (89) showing the bulk fluid temperature and 

average temperatures respectively; where T is the static fluid temperature. 

𝑇𝑏𝑢𝑙𝑘 =
∫(𝑢. 𝑒𝑧)𝑇 𝑑𝑉 

∫(𝑢. 𝑒𝑧) 𝑑𝑉
 

      (89) 

𝑇𝑎𝑣     =
∫ 𝑇 𝑑𝑉

∫ 𝑑𝑉
 

7.2.5 Non resolved Eulerian-Lagrangian simulations 

The non-resolved simulations involve the usage of the DEM open source package 

LIGGGHTS (Kloss et al., 2012) for generation of the packed bed and CFDEM-Coupling 

(Goniva et al., 2012) for the CFD simulations. The CFD and DEM codes generally 

perform their calculations separately in parallel and exchange data in accordance with the 

coupling intervals specified. 

In non-resolved Eulerian-Lagrangian simulations the particles are not resolved, which 

means that particle sizes should be smaller than the computational grid (Figure 7.2), 

making this simulation much less computationally costly than the resolved simulations. 

The interaction of the particle phase with the fluid phase in terms of the momentum, 

energy and mass transfer is considered. This is facilitated by using the appropriate 

correlations to account for the transfer. The correlations obtained in this work are applied 

to model heat transfer, while momentum transfer is modelled via the KochiHill drag 

model. 

 

Figure 7.2. Non-resolved Euler-Lagrangian grid setup 
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 Results 

A consistent correlation to predict the heat transfer in the packed bed is obtained using 

three different randomly packed beds over a range of porosity values and Reynolds 

numbers. The effect of change in the Prandtl number is not considered currently as the 

Prandtl number does not vary a great deal for gaseous flows. The details of the different 

cases simulated to obtain the correlation are given in Table 26. 

Table 26. Representation of the cases simulated 

Parameters Value 

Number of particles in the reactor 350 

Particle diameter size (m) 10-3 

Bed Porosities (ԑ) 0.42; 0.62; 0.87 

Reynolds numbers simulated 10; 40; 70; 100 

7.3.1 Heat transfer in randomly arranged packed beds 

The results for the heat transfer coefficient from spherical particles (with a non-

homogenous particle surface temperature) in the packed bed is simulated for different 

Reynolds numbers and bed porosities as shown in Table 25. This data is then 

benchmarked against the correlations of Gunn et al., Deen et al. and Sun et al. (Deen et 

al., 2014; Gunn, 1978; Sun et al., 2015).  Figure 7.3 shows the temperature variations 

with the change in Reynolds numbers and the bed porosity. Temperature gradients inside 

the particle are observed, which depend on the Reynolds number. The plots for the 

convective heat transfer inside the region of interest (which is located far from the wall, 

as well as the inlet and the outlet to avoid effects due to an inhomogeneous bed structure) 

are shown in Figure 7.4. It is seen that the results agree with the correlations in case the 

bulk fluid temperature (Tbulk) is considered when computing the heat transfer coefficient. 

In contrast, the heat transfer coefficient that relies on the average fluid temperature (Tav) 

significantly differs from literature correlations. We can only speculate the origin of this 

difference, which has been also observed by (Sun et al., 2015). Certainly, one argument 

is that existing correlations are limited by the assumption of a fixed particle surface 

temperature, which is not the case in simulations using a fixed volumetric heat source. 

Clearly, a more detailed analysis of the variation of the particle surface temperature is 

needed in order to probe the exact origin for the observed differences. 
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7.3.2 Heat transfer correlations 

Nusselt number correlations for the fluid-particle heat transfer in the random particle 

array with non-homogenous particle surface temperature and homogenous particle 

surface temperature are obtained by fitting the data obtained over different porosities and 

Reynold numbers. 

The effect of the change in Prandtl number is not considered in this current correlation 

(i.e., we assume Pr = 1). The correlation is valid over a porosity range (0.4 < ԑ < 0.9) and 

particle Reynolds number (Rep<100).  

The correlation is fitted in the structure of the Gunn correlation. Two different methods 

to compute the fluid temperature described in Section 7.2.4 are used to obtain different 

correlations according to the method of computing fluid temperature. 

The correlations for non-homogeneous particle surface temperature are as follows for 

bulk (Eq. (90)) and volume averaged (Eq. (91)) fluid temperatures. The same correlations 

are given for the case with constant particle surface temperature in Eqns. (92) and (93). 

𝑁𝑢𝑎𝑣 = (−1.42 + 6.43ԑ − 5.12ԑ2)(3.2 + 2.54𝑅𝑒0.2) + (2.9 − 6.13ԑ +

3.59ԑ2)(𝑅𝑒0.7)  

  

(91) 

𝑁𝑢𝑏𝑢𝑙𝑘  =  (2.844 − 3.49ԑ + 2.36ԑ2)(−0.71 + 1.17𝑅𝑒0.2) + (1.4 − 2.35ԑ +

1.12ԑ2)(𝑅𝑒0.7)  

  

(92) 

𝑁𝑢𝑎𝑣 = (−0.3 + 6.87ԑ − 6.31ԑ2)(−1.08 + 2.60𝑅𝑒0.2) + (2.28 − 4.58ԑ +

2.51ԑ2)(𝑅𝑒0.7)  

 

(93) 

𝑁𝑢𝑏𝑢𝑙𝑘  =  (0.455 + 5.09ԑ − 5.05ԑ2)(0.67 + 0.35𝑅𝑒0.2) + (1.73 − 3.38ԑ +

1.95ԑ2)(𝑅𝑒0.7)  

  

(90) 
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Figure 7.3. Temperature distribution profiles with temperature gradients inside the 
particles at plane y=0, through the reactor geometries with different bed porosities and 
Reynolds numbers for the case with a fixed volumetric heat source inside the particles. 

7.3.3 Comparison of the correlations with non-homogenous vs homogenous 

particle temperature 

Figure 7.5 compares the four different correlations described in Section 7.3.2 over a range 

of Reynolds numbers. It is immediately clear that a large difference between the 

correlations using bulk and average temperatures exists. The difference in the correlations 

using uniform and non-uniform particle surface temperatures is smaller, but does become 
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significant for the highest porosity considered. It is reasoned that higher porosities create 

sufficient space between particles to allow a wake region to be established behind the 

majority of particles. As a result, the convective heat transfer behind the particle is slower 

than at the front, leading to an asymmetric temperature profile in the particle with higher 

surface temperatures behind the particle.  The hottest part of the particle surface is 

therefore exposed to the slowest moving fluid and vice versa, thus creating a heat transfer 

limitation which requires a higher average particle surface temperature to attain a given 

surface heat flux. 

 

Figure 7.4. Comparison of the heat transfer coefficient in the region of interest (no wall, 
inlet and outlet effects) over different porosity and Reynolds number values for the case 
with integrated heat source inside the particles. 

 

Figure 7.5. Comparison of the prediction of heat transfer from the correlations obtained 
in this work. T = constant temperature (homogenous particle surface temperature); and 
S = integrated heat source (non-homogenous particle surface temperature. 

7.3.4 Comparison between resolved and unresolved models 

The correlation obtained with homogenous particle surface temperature is used to account 

for the external heat transfer in the non-resolved Euler-Langrangian simulations. The 

particle bed with a porosity of 0.62 is replicated in LIGGGHTS® + CFDEM® + 

PARSCALE® simulation, with identical flow properties as in the PR-DNS using 

FLUENT. 
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i) Mean particle surface temperature 

This is the comparison of mean particle surface temperatures over different Reynolds 

number (Figure 7.6). The approximation is quite reasonable. Only at low Reynolds 

number the difference can be observed which we can be speculated looking into the 

later results. 

ii) Fluid temperature profiles 

This is the comparison of the fluid temperature profiles obtained from CFDEM and 

FLUENT, the temperature profile match quite well and the CFDEM approach is able 

to predict fluid temperature reasonable well when compared with PR-DNS results 

from FLUENT. The grid for the unresolved setup was refined to the point to obtain a 

grid independent result and to be able to capture the effects to the level of particle 

scale.  

The results in Figure 7.7 show the overall temperature for Re10 is higher and the 

prediction is not in agreement with FLUENT result, which is seen in the mean particle 

surface temperature predictions as well. 

iii) Intra-particle temperature distributions 

With the presence of PARSCALE coupled to our unresolved simulation we can obtain 

the 1D profile for the variation of temperature inside the particle (radial). In here we 

compare the distribution inside the particle given by 1D code PARSCALE® 

(symmetric profile) and FLUENT (asymmetric profiles). 

For the comparison the particles chosen for the study are seen in the Figure 7.8. One 

particle is chosen from the top of the bed, while one from the bottom of the bed. Three 

different particles are considered in the middle of the bed, each representing different 

temperature zones. 
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Figure 7.6. Comparison of the prediction of mean particles surface temperature from 
PR-DNS and non-resolved simulations. (Where, FLUENT= Prediction from PR-DNS; and 
CFDEM_av and CFDEM_cup are predictions from non-resolved simulations with 
averaged fluid temperature and bulk fluid temperature respectively). 

 

Figure 7.7. Temperature distribution profiles at plane y=0, through the reactor 
geometries with different and Reynolds numbers for the case with a fixed volumetric 
heat source inside the particles. FLUENT (above) and CFDEM (below). 
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Figure 7.8. Approx. location of the particles studied for the intra particle temperature 
distribution comparison. 

In the plots shown in Figure 7.9, the intra particle temperature distributions obtained for 

particles represented in Figure 7.8 can be seen for Re100. The predictions at Re100, 

suggests really good match with the results from PARSCALE®, considering the fact that 

the results obtained with FLUENT are asymmetric in nature.  

Similar predictions are observed for Re70 and 40 shown in Figure 7.9. The variation in 

prediction of intra particle temperature is similar to PR-DNS results from FLUENT. The 

predictions with average and bulk fluid temperatures don’t show a huge difference. Both 

the correlations predict the temperatures equally well 
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Figure 7.9. Intra particle Temperature distribution profiles at Re100, Re70, Re40 and 
Re10 obtained from FLUENT (asymmetric) and PARSCALE (symmetric). [Vertical line = 
prediction in the direction of flow (FLUENT), Lateral line= prediction perpendicular to 
the flow (FLUENT); CFDEM_av and CFDEM_cup = PARSCALE predictions in a non-
resolved coupled simulation using different fluid averaged temperatures (average and 
bulk fluid respectively). 

At Re10, the heat transfer will be very fast therefore there will not be a gradient between 

the surface temperature and the center temperature of the particle. The deviation is 

observed at Re10, which was seen in Figure 7.6, Figure 7.7 and also in Figure 7.9. But at 

low-Reynolds number the mean particle temperature will be generally higher. Moreover 

models at low-Reynolds number and Pr ~ 1 are difficult to determine, because the heat 

transfer is very fast.  It is clear that any model for this regime has more inaccuracies than 

models for larger Re. Therefore having a heat transfer model for such low Re might not 

be necessary and industrial scale packed bed reactors doesn’t operate at such low 

Reynolds number. 

iv) Nusselt number with wall distance 

To obtain a clear picture of the presence of wall effects, a Nusselt number with wall 

distance variation plot is obtained as shown in Figure 7.10 at Reynolds number 

(Re100) with the unresolved approach mentioned above. The cluster plot shows the 

presence of high Nusselt number near the wall of the reactor and then becomes quite 

stabilized within dp/2 distance. For now we can only report from the unresolved 

approach (COSI platform) because FLUENT imposes the current limitation in 

extracting the per particle Nusselt number. 
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Figure 7.10. Nusselt number variation with the wall distance for Re100 obtained from 
the unresolved simulation approach. 

 Summary and conclusions 

This work presented two different approaches for predicting heat transfer in narrow 

packed bed reactors that are confined by cylindrical walls. First, using resolved DNS, heat 

transfer rates are directly computed for both (i) a fixed particle surface temperature, and 

(ii) a fixed volumetric heat source inside the particles. This exercise allowed us to 

establish in total four heat transfer correlations. Second, non-resolved simulations are 

performed, which are computationally cheaper, and hence more efficient. Heat transfer 

rates are predicted using the developed correlations, and agreement analysed between the 

two approaches were quite satisfactory except at lower Reynolds numbers. 

 

Author Contributions: Arpit, Stefan and Schalk conceived the idea. Arpit designed, and 

performed the simulations; Rosa Quinta-Ferreira and Shahriar Amini supervised the 

work; Arpit wrote the paper. 
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8 CONCLUSION AND FUTURE 

OUTLOOK 

This thesis focused on the development of new external heat and mass transfer models 

for gas-solid systems in densely packed bed reactors. These gas-solid systems are of great 

interest and has been limited to more fluidized bed applicable models in literature. Here 

in this thesis realistically packed particle packings were considered (which are 

approximately similar to the packings obtained experimentally). Thus, the models 

developed in this work using particle resolved direct numerical simulations (PR-DNS) 

are fundamentally accurate and more applicable to packed bed applications. The PR-DNS 

has been proved in literature to be more accurate than experiments in terms of obtaining 

detailed information on the local scale inside the reduced-length heterogeneous reactors.  

The development of realistic packings through discrete element method (DEM) leads to 

an overlap of particle surfaces, and consequently, to the problem in creation of mesh for 

computational fluid dynamics (CFD) study. Initial investigations revealed the limitations 

with the most followed approach of shrinking the particles to deal with the 

aforementioned problem. The packed beds reproduced by shrinking the particles creates 

equally spaced particles and can neither be classified as random nor realistic packings.  

A new method was developed to deal with the particle overlaps in spherical particle beds 

and also to obtain the rendered geometry used in this work. This geometry was proved to 

be free from any wall effects when studying external heat transfer. It was found that the 

steady state direct numerical simulations (DNS) can provide accurate solution for the 

particle Reynolds number under consideration. Overall, a new methodology was 

developed for studying external heat and mass transfer using particle resolved DNS in 

densely packed beds. The numerical accuracy of the developed methodology was backed 

by thorough deep sensitivity analysis using 95% confidence intervals (in order to quantify 

the uncertainties). The simulated data suggested the loopholes in the correlations from 
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literature to study external heat transfer in densely particle beds. Hence, a new external 

heat and mass transfer model is developed. The new model is applicable to packed beds 

of mono-disperse spherical particles in gas-solid system and is valid till particle Reynolds 

number of 200.  

The study of gas-solid heat transfer in packed beds was extended for cylindrical particle 

packings. The particle packings with cylindrical particles of different aspect rations (2, 4 

and 6), depending on their applications in the industries are studied and the first external 

heat and mass transfer model in densely packed beds of cylindrical particles was 

developed using PR-DNS. In addition, new improved Ergun constants were refitted for 

pressure drop in cylindrical particle beds. The heat transfer phenomena in packed beds 

vary with the location, hence an attempt was made to fit a generic external heat and mass 

transfer model valid for dense packings (of either mono-disperse spherical or cylindrical 

particles). The presented model was found to be accurate (with R2 value = 0.978) and lays 

foundation for the possibility of fitting more accurate external heat transfer models for 

different shaped particles.   

The existing intra particle diffusion models were verified and improved for several levels 

of complexities in internal mass transfer and reaction kinetics on a reduced scale of 

computationally cheap 1D model. The developed external heat and mass transfer models 

along with the PR-DNS data for intra particle diffusion simulations helped to ascertain 

the industrially viable 1D packed bed model. 

The reforming step of steam methane reforming studied on a smaller scale reactors argued 

the need for enhancements in the 1D model to correctly simulate steam methane 

reforming on a larger scale. The enhanced 1D model presented promising results for 

maximizing process efficiency by feeding off-gas fuel from the pressure swing adsorption 

(PSA) unit back to the fuel stage of the packed bed chemical looping reforming (PBCLR) 

reactor, thus ensuring complete fuel conversion on an industrial scale PBCLR reactor. 

This thesis has covered various theoretical and numerical analysis for external heat and 

mass transfer and internal mass transfer models in packed beds. In the last chapter, PR-

DNS was used to formulate a non-resolved Euler-Lagrange simulation structure. The in-

depth comparison of adaption from the resolved simulations to non-resolved simulations 

presented with a good comparison between the two approaches using the closure models 
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from the resolved simulations for external heat and mass transfer. The discrepancy 

between the two approaches was found to be at extremely low particle Reynolds numbers 

(Rep = 10), which doesn’t affect the practical implementation of the method (as the 

application of the packed beds operating at such a low Reynolds number is quite unusual).   

The thesis has laid foundation for taking a closer look at the available external heat and 

mass transfer closure models in literature for densely packed bed packings. In the current 

work, closure models for external heat and mass transfer were presented for gas-solid 

systems, hence extending this work to include liquid-solid system can be an important 

research topic.  

The work presented the intra particle mass transfer analysis based on the catalytic reaction 

system, modelling non-catalytic reactions with PR-DNS would be quite a novel approach, 

as they are extremely complex simulations, but with the methodology already in place 

from this thesis, this can be a major step forward.  

The 1D model framework presented in this thesis can be coupled with full plant scale 

simulations to carry out the techno-economic analysis of the packed bed chemical looping 

reforming (PBCLR) reactor integrated with combined cycle power plants. This will help 

us get detailed insight about the performance of the PBCLR process when compared to 

tradition GSR, steam methane reforming and auto thermal reforming.   
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APPENDICES 

APPENDIX 1 COMPARISON OF PARTICLE RESOLVED DIRECT NUMERICAL SIMULATION AND 1D 

MODELING OF CATALYTIC REACTIONS IN A PACKED BED. 

APPENDIX 2 COMPARISON OF PARTICLE RESOLVED DIRECT NUMERICAL SIMULATION AND 1D 
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ABSTRACT 

The work presents a comparison of catalytic gas-solid reactions 

in a packed bed as simulated on two widely different scales: 

direct numerical simulation (capable of accurately predicting 

transfer phenomena in and around a few particles) and 1D 

modelling (capable of engineering simulations of industrial 

scale reactors).  

Particle-resolved direct numerical simulation (PR-DNS) is 

performed on a small geometry containing ~100 realistically 

packed monodisperse spherical particles generated via the 

discrete element method (DEM). These results are compared to 

a 1D packed bed reactor model using the effectiveness factor 

approach to account for intra-particle mass transfer and a 

suitable closure for gas-particle heat transfer.  

The differences between the results from the two modelling 

approaches are quantified over a range of Thiele moduli, 

Prandtl numbers and reaction enthalpies. Results showed that 

existing 1D-model closures perform well for a simple first order 

catalytic reaction. Heat transfer completely dominates the 

overall reaction system when large reaction enthalpies are 

simulated, while mass transfer limitations dominate at low 

reaction enthalpies. Future work will extend this comparative 

approach to packings with more complex particle shapes and 

complex reactions.  

Keywords: Direct numerical simulation (DNS), CFD-DEM, 

packed bed, catalytic gas-solid reaction, reaction rate, heat 

transfer, multiscale.  

NOMENCLATURE 

 
Greek Symbols 

𝛼  Volume fraction 
ԑ        Void fraction 

𝜙       Thiele modulus (Th) 

𝜂  Effectiveness factor 

 

Latin Symbols 
Cp Specific heat capacity of fluid [J/kg.K] 

CA Concentration of species A [mol/m3] 

D Molecular diffusivity [m2/s] 

dp Diameter of the cylindrical particle [m] 

E Activation energy [J/mol] 

h Heat transfer coefficient [W/m2K] 

k0 Arrhenius constant [1/s] 

Kf Thermal Conductivity of fluid [W/m.K] 

Nu Nusselt number (ℎ𝑑𝑝/𝐾𝑓) 

Pr Prandtl number (𝜇𝐶𝑝/𝐾𝑓) 

R Gas constant [8.314 J/mol/K] 

𝑅𝑐𝑎𝑡  Catalytic reaction rate [mol/m3s] 

r Radius [m] 

Re Reynolds number (𝜌𝑢𝑠𝑑𝑝/𝜇) 

T Temperature [K] 

𝑢𝑠  Superficial velocity of the fluid [m/s]. 

 

Sub/superscripts 
f Fluid 

s Solid. 

p Particle. 

INTRODUCTION 

Gas-solid reaction systems in packed beds are of great industrial 

influence, with the application widespread from process to 

metallurgical industries. The catalytic or non-catalytic role of 

the solid defines the complexity involved in the gas-solid 

reactions.  

There are several advanced models available in literature for 

gas-solid reaction systems. The non-catalytic reaction systems 

are considered more complicated as they are transient in nature. 

The detailed review of such systems is described by 

(Ramachandran and Doraiswamy, 1982) and more recently by 

(Nashtaee and Khoshandam, 2014). Meanwhile, (Ishida and 

Wen, 1968) have described the effectiveness factor (η) in 

catalytic reactions for gas-solid systems. The effectiveness 

factor in heterogeneous catalyst reaction to obtain the intra 

particle diffusion in porous particles is suggested in 

(Levenspiel, 1999). 

The recent work from (Yang et al., 2016) described an 

effectiveness factor for general reaction forms. They presented 

an analytical expression, which is applicable to wide range of 

reaction rate forms and provides a direct and computationally 

efficient approach of obtaining effectiveness factor in packed 

bed reactors. The validity of such a simplified model when 

added with heat transfer limitations motivates the current work. 

Hence, the objective of the work is to obtain a comparison in 

prediction of effectiveness factor for a catalytic gas-solid 

reaction on two distinct scales. Firstly, a PR-DNS study of a 

packed bed of ~100 spherical particles now involving a 

catalytic reaction based on our previously published work 

(Singhal et al., 2017) gives insight into a phenomenon of intra 

particle diffusion along with heat transfer limitations. Secondly, 

a 1D packed bed reactor model coupled with the effectiveness 
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factor model from (Yang et al., 2016) describes the intra-

particle heat and mass transfer. The results obtained from both 

the approaches are compared and documented.  

METHODOLOGY 

Thiele Modulus and Effectiveness Factor 

The effectiveness factor concept in heterogonous catalytic gas-

solid reactions can be explained as the effect of intra particle 

diffusion on the reaction rate (Ishida and Wen, 1968; 

Levenspiel, 1999).  

 

𝜂 =
actual reaction rate

reaction rate without diffusion limitations
 

 

Thus, the effectiveness factor in catalytic reactions is directly 

linked with the Thiele modulus (Thiele, 1939). Thiele modulus 

is explained as: 

 

𝜙 ≈
reaction rate

diffusion rate
 

 

PR-DNS Simulation Setup 
The spherical particle bed is generated using DEM (Discrete 

Element Method) integrated in ANSYS FLUENT following the 

procedure described in the paper (Singhal et al., 2017). The 

geometry is meshed with fine body-fitted polyhedral elements 

both inside and outside the particles with resolution of dp/30 on 

the particle surfaces and the growth rate of 20% (Figure 1).  

 

 

Figure 1: A section (y = 0) through the geometry meshed 

with polyhedral elements. 

ANSYS FLUENT is used to complete steady state DNS using 

the SIMPLE algorithm for pressure-velocity coupling with 2nd 

order spatial discretization of other equations. Steady state DNS 

was found to be sufficient for this case since no transient 

fluctuations occurred in the small spaces between particles 

(Singhal et al., 2017). The geometry incorporates a velocity 

inlet, a pressure outlet and a no-slip condition on the wall. The 

reaction takes place in the porous solid particles (grain model 

(Szekely, 1976)) modelled by the Eq. (1). The simulation 

parameters used in the DNS simulations are describe in the 

Table 1.  

 

A (g) + B (s) → C (g) + B (s) (1) 

The reaction rate is described in the conventional way: 

 

𝑅𝑐𝑎𝑡 = 𝛼𝑠𝑘𝐶𝐴   (2) 

𝑘 = 𝑘0𝑒𝑥𝑝 (
−𝐸

𝑅𝑇
) (3) 

 

 
Simulations were completed at three different levels of mass 

transfer resistance (Thiele modulus), heat transfer resistance 

(Prandtl number) and reaction enthalpy as outlined in Table 1. 

Mass and heat transfer was adjusted by setting the molecular 

diffusivity and gas-phase thermal conductivity according to the 

Th and Pr numbers specified in Table 1. No solids phase 

thermal conductivity was included in order to accentuate heat 

transfer resistances in the particle. For the reaction rate, the pre-

exponential factor in Eq. (3) was chosen to result in a reaction 

rate constant of 10000 1/s at a temperature of 1000 K. A large 

activation energy is selected to accentuate coupling between 

heat and mass transfer.  

Table 1: Simulation parameters for PR-DNS 

Parameters Value 

Particle diameter (dp) (m) 0.001 

Packed bed voidage  0.355 

Particle void  

fraction (internal) 

 

0.3 

Density (kg/m3) Fluid :1  Particles :2500 

Fluid velocity (m/s) 1 

Inlet mole fraction (A) 0.1 

Specific heat capacity (Cp) 

(J/kg/k) 

1000 

Thiele moduli (Th) 5, 10, 20 

Prandtl numbers (Pr) 0.4, 1.6, 6.4 

Heat of reaction (kJ/mol) 100, 10, 0 

 

1D Packed Bed Model 
A detailed outline of the setup of the 1D model used in this work 

can be viewed in a recent work by the authors (Cloete et al., 

2016). The model is solved in the commercial CFD code, 

ANSYS FLUENT 16.2, on a domain with 100 cells arranged in 

only one direction. In order to simulate a packed bed, the 

Eulerian Two Fluid Model approach is followed and the 

velocity of the solids phase is fixed to zero in all cells. 

Conservation equations for mass, momentum, species and 

energy are then solved in the conventional manner.  

In the present study, the most important closures are the 

effectiveness factor for modelling intra-particle mass transfer 

limitations (Levenspiel, 1999) and the gas-particle heat transfer 

coefficient for modelling external heat transfer limitations 

(Gunn, 1978). The effectiveness factor for the simple first order 

catalytic reaction considered in this study is written as follows: 

 𝜂 =
3

𝜙2 (𝜙coth(𝜙) − 1)  (4) 

 𝜙 = 𝑟𝑝√
𝑘

𝐷𝑒
     (5) 

𝐷𝑒 =
𝐷𝜀

𝜏
   (6) 

The Thiele modulus (𝜙) represents the ratio of kinetic rate to 

diffusion rate, so higher values represent greater mass transfer 

limitation. The effective diffusivity (𝐷𝑒) is composed of the 

molecular diffusivity (𝐷), the void fraction of porous particles 
(𝜀 = 0.3) and the tortuosity (𝜏 = 1). 

The classical Gunn correlation for gas-particle heat transfer is 

written as follows: 

𝑁𝑢 = (7 − 10𝜀 + 5𝜀2) (1 + 0.7𝑅𝑒0.2𝑃𝑟
1
3)

+ (1.33 − 2.44𝜀

+ 1.2𝜀2)𝑅𝑒0.7𝑃𝑟
1
3 

(7) 
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Inlet and outlet boundary conditions as well as the domain 

length are set to identical values as the PR-DNS simulations. 

The solids volume fraction in the bed is taken as the product of 

the mean solids volume fraction in the PR-DNS domain (0.645) 

and the solids volume fraction in the particles (0.7). 

 

 

 

Figure 2: The PR-DNS results for the temperature variation in the packed bed of spherical particles for different Prandtl 

numbers (Pr) and Thiele moduli (Th)  

 

RESULTS AND DISCUSSIONS 

Heat and Mass Transfer in Densely Packed Bed 
PR-DNS results for simulations completed with different Thiele 

moduli and Prandtl numbers for the highly endothermic 

reaction (𝑑𝐻𝑟𝑥𝑛 = 100 kJ/mol) are shown in Figure 2 and 

Figure 3. The temperature variation in Figure 2 illustrates the 

increasing effect of the heat transfer resistance as Pr is increased 

by decreasing the gas-phase thermal conductivity. Even though 

the thermal conductivity is also very low inside the particle, it 

is clear that external gas-particle heat transfer still dominates. 

This is most clearly visible in the Pr6.4 cases in Figure 2 where 

the temperature gradient inside the particles is small relative to 

the temperature gradient in the fluid film around the particles.  

Figure 3 illustrates the mass transfer resistances. It is 

immediately evident that mass transfer resistances are much 

less influential in this case than heat transfer resistances because 

the species concentration gradients are small relative to the 

temperature gradients in Figure 2. The Pr0.4Th20 case shows 

some intra-particle mass transfer resistance as a clear species 

gradient within the particles. The importance of heat transfer 

resistance relative to mass transfer resistance for this particular 

case will be further discussed in the next sections. 
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Figure 3:  The PR-DNS results for the reactant (A) mole fraction in the packed bed of spherical particles for different Prandtl 

numbers (Pr) and Thiele moduli (Th).  

 

Individual Particle Data 

The PR-DNS approach allows for extraction of detailed data 

from individual particles within the domain. In this way, the 

effectiveness factor for individual particles can be extracted and 

compared. This will be done for the case with the largest heat 

and mass transfer limitations (Th20-Pr6.4). The definition of 

the effectiveness factor becomes very important in this case. 

Three different approaches will be followed (Figure 4):  

 Species: Comparing the species concentration on the 

particle surface to the average concentration in the 

particle (the effectiveness factor for an isothermal 

first order reaction) 

 Surface: Comparing the average reaction rate in the 

particle to the reaction rate that would occur using 

species concentration and temperature on the particle 

surface. 

 Volume: The same as the previous point, only using 

data averaged over the volume of the particle.  

 

The fact that the “species” effectiveness factor is close to unity 

implies that mass transfer plays essentially no role in this 

particular case (the reactant concentration on the particle 

surface is essentially the same as the reactant concentration in 

the particle volume). This case is therefore almost exclusively 

controlled by heat transfer (as seen in the Th20-Pr6.4 case of 

Figure 2 and Figure 3). 

 The heat transfer limitation becomes clear when looking at the 

“surface” effectiveness factor. The temperature on the particle 

surface is a lot higher than inside the particle volume where the 

reaction takes place. Calculating the reaction based on the 

particle surface temperature would therefore result in large 

errors.  

Interestingly, the “volume” effectiveness factor is larger than 

unity. This implies that there is a significant amount of 

temperature variation inside the particle, brought about by the 

assumption of zero thermal conductivity by the solid material. 

Naturally, this will not be the case in most catalyst particles, but 

it presents an interesting phenomenon. Given the exponential 

increase in reaction kinetics with temperature, any variation in 

temperature around the mean will strongly increase the average 
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kinetic rate inside the particle. This is what happened in this 

case: the actual reaction rate inside the particle was higher than 

the reaction rate calculated based on the average particle 

temperature. 

 

1D Model Predictions 

Comparisons between PR-DNS and 1D model results are 

discussed in this section. Firstly, the 1D model will be 

compared to PR-DNS results over a range of Prandtl numbers 

and Thiele moduli. Secondly, the reaction enthalpy will be 

changed and the models will be compared again. Finally, an 

important observation regarding the implementation of the 1D 

model will be presented. 

Variation of Prandtl number and Thiele modulus 

A comparison of axial reactant concentration is given in Figure 

5 for nine combinations Prandtl number and Thiele modulus. It 

is clear that the 1D model successfully predicts the PR-DNS 

results.  

In addition, the dominance of heat transfer limitations is clear 

in all cases because results for different Thiele moduli are 

essentially identical, whereas results for different Prandtl 

numbers differ substantially. As may be expected, the amount 

of reaction in this endothermic system decreases as Pr is 

increased by decreasing the gas phase thermal conductivity. A 

lower thermal conductivity implies greater gas-particle heat 

transfer resistance, thereby allowing less heat to enter and 

sustain the highly endothermic reaction. 

The continued dominance of heat transfer resistance at Pr = 0.4 

is interesting given the clear intra-particle species gradients that 

can be observed in the Th20-Pr0.4 case in Figure 2. This is 

because the outer shell of the particles is slightly hotter than the 

centre, implying that reduced species concentrations in the 

centre of the particle (where the temperature is lower and the 

kinetics is slower) does not have such a large impact on the 

overall reaction rate.  

Figure 6 shows the axial evolution of the difference between the 

average gas temperature and the average particle temperature. 

Again, it is clear that mass transfer limitations are essentially 

negligible, while gas-particle heat transfer dominates the 

system.  

In this case, there is a clear deviation between the PR-DNS and 

1D-simulation results: PR-DNS consistently predicts a larger 

difference between the average gas and particle temperatures. 

This implies that the PR-DNS predicts a lower particle 

temperature than the 1D simulations (gas temperature reduces 

with gas species concentration and is almost identical between 

the PR-DNS and 1D simulations). As mentioned in the previous 

section, the temperature variation inside the particle in the PR-

DNS allows the reaction rate to be higher than that implied by 

the average particle temperature. On the other hand, the 1D 

simulation inherently assumes constant temperature in all 

particles. For this reason, the two models predict the same 

overall reaction rate at different average particle temperatures. 

 

 

 

Figure 4: Three different representations of effectiveness 

factors for 20 particles from the Th20-P6.4 case. 
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Figure 5: Comparison of axial species profiles between PR-

DNS (solid lines) and 1D simulations (dashed lines) for 

different Prandtl numbers (Pr) and Thiele moduli (Th). 

 

 

Figure 6: Comparison of axial gas-particle temperature 

difference between PR-DNS (solid lines) and 1D 

simulations (dashed lines) for different Prandtl numbers 

(Pr) and Thiele moduli (Th). 
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Figure 7: Comparison of axial species profiles between PR-

DNS (solid lines) and 1D simulations (dashed lines) for 

different reaction enthalpies (dHrxn in kJ/mol). The 

effectiveness factor predicted by the 1D model is also 

shown for the different cases. 

Variation of reaction enthalpy 

Results in the previous section were generated with a strongly 

endothermic reaction (𝑑𝐻𝑟𝑥𝑛 = 100 kJ/mol). This section will 

investigate three additional reaction enthalpies on the case with 

the greatest mass and heat transfer resistances (Th20-Pr6.4).  

Figure 7 shows the effect of reaction enthalpy on the reactant 

conversion. It is clear that a decrease in the reaction enthalpy 

greatly increased reactant conversion and that the 1D model 

accurately predicts the results from PR-DNS.  

The increase in conversion with a decrease in the 

endothermicity of the reaction is simply due to the large heat 

transfer resistances included in this case. As the reaction 

becomes less endothermic, the requirement for heat flow into 

the particle reduces, thereby lessening the impact of this 

limitation. As a result, mass transfer becomes the controlling 

phenomenon, as can be seen from the reduction in the 

effectiveness factor in Figure 7. 

 

 

Figure 8: Comparison of the 1D simulations to the PR-

DNS results illustrating the importance of assigning the 

reaction heat to the particle phase. 

 

Importance of the reaction enthalpy source term 

Finally, an important observation regarding the 1D-modelling 

of gas-solid reaction systems with significant reaction 

enthalpies can be shared. It is intuitive to add the energy source 

term related to a reaction involving gas species to the gas phase, 

but this results in large errors if significant gas-particle heat 

transfer limitations exist. To get accurate predictions, all 

reaction enthalpy must be assigned to the particle phase in the 

1D simulation. This practice mimics the real case where all 

reaction heat is released or consumed within the particle, even 

if only gas species is involved in the reaction.  

As an illustration of the importance of this observation, the axial 

species profiles from the Th20-Pr6.4 case with 𝑑𝐻𝑟𝑥𝑛 =
100 kJ/mol are presented in Figure 8. It is clear that assigning 

the reaction heat to the gas phase completely over-predicts the 

reaction. This is because the large gas-particle heat transfer 

limitation observed in earlier sections is essentially eliminated 

if the heat is not extracted in the particle phase.     

CONCLUSION 

This work presented a comparison of particle-resolved direct 

numerical simulations (PR-DNS) results with 1D modelling of 

a reactive gas-particle system with large heat and mass transfer 

limitations. Existing 1D model closures for intra-particle mass 

transfer and gas-particle heat transfer compared well to the PR-

DNS results. However, it was shown that it is vitally important 

that all reaction heat must be assigned as a source term in the 

particle phase, even if only gas species are reacting.  

When a highly endothermic reaction (𝑑𝐻𝑟𝑥𝑛 = 100 kJ/mol) is 

simulated, gas-particle heat transfer completely dominates the 

reaction phenomena in the particle assembly. Large heat 

consumption in the particle requires large quantities of heat to 

enter the particle from the gas phase. Mass transfer resistances 

become increasingly important as the reaction enthalpy 

becomes smaller until the system becomes exclusively mass 

transfer controlled when no reaction heat is simulated.  

It was also interesting to observe that the 1D model still 

produced good results even though significant intra-particle 

heat transfer limitations were included to generate some 

temperature gradients inside the particles. This finding, 

combined with the knowledge that a constant particle 

temperature is normally a safe assumption, suggests that good 

models for external gas-particle heat transfer and internal mass 
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transfer are sufficient for accurate 1D model predictions of 

packed bed reactors.  
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Abstract. This work presents a comparative study of reactive flow in a realistically packed 

array of cylindrical particles on two widely different scales: particle-resolved direct numerical 

simulation (PR-DNS) and 1D modelling. PR-DNS directly simulates all transfer phenomena in 

and around the cylindrical particles, while 1D modelling utilizes closure models to predict 

system behaviour at a computational cost several orders of magnitude lower than PR-DNS.  

PR-DNS is performed on a geometry of ~100 realistically packed cylindrical particles generated 

using the discrete element method (DEM). Simulations are performed over a range of Thiele 

moduli, Prandtl numbers and reaction enthalpies. The geometry with particles of aspect ratio 

four is meshed with fine polyhedral elements both inside and outside the particles. Hence, we 

obtain accurate results for combined internal and external heat and mass transfer in the 

cylindrical particle array.  

These results are compared with a 1D packed bed reactor model incorporating appropriate 

models for intra particle diffusion and for external heat and mass transfer (applicable to 

cylindrical particles). Results document a good comparison for the heterogeneous first order 
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catalytic simple reaction. Therefore, recommendations are made to guide future 1D modelling 

works involving reactive flows in packed beds of cylindrical particles.  

 

NOMENCLATURE 

 
Greek Symbols 

𝛼 Volume fraction 
ԑ        Void fraction 

𝜙    Thiele modulus (Th) 

𝜂 Effectiveness factor 

 

Latin Symbols 

a Characteristic length of cylinder particle (rp/2) 

Cp Specific heat capacity of fluid [J/kg.K] 

CA Concentration of species A [mol/m3] 

D Molecular diffusivity [m2/s] 

dp Diameter of the cylindrical particle [m] 

E Activation energy [J/mol] 

h Heat transfer coefficient [W/m2K] 

k0 Arrhenius constant [1/s] 

Kf Thermal Conductivity of fluid [W/m.K] 

Nu Nusselt number (ℎ𝑑𝑝/𝐾𝑓) 

Pr Prandtl number (𝜇𝐶𝑝/𝐾𝑓) 

R Gas constant [8.314 J/mol/K] 

𝑅𝑐𝑎𝑡 Catalytic reaction rate [mol/m3s] 

r Radius [m] 

Re Reynolds number (𝜌𝑢𝑠𝑑𝑝/𝜇) 

Sc Schmidt number (𝜇/𝜌𝐷) 

Sh Sherwood number (ℎ𝑑𝑝/𝐷) 

T Temperature [K] 

𝑢𝑠  Superficial velocity of the fluid [m/s]. 

 

Sub/superscripts 

f Fluid 

p Particle. 

 

1 INTRODUCTION 

Cylindrical particles are often utilized in gas-solid packed bed systems, with application 

from process to pharmaceutical industry. Therefore, a wide range of closure models is available 

for gas-solid reaction systems. The closure models are segregated depending upon the 

application of the particles in either catalytic or non-catalytic role. 

There are several important works describing the non-catalytic gas-solid systems [1, 2]. 

While, for the heterogeneous catalytic system the most important parameter of effectiveness 

factor is given for intra particle diffusion in spherical porous particle by [3]. The correct 

expression for the effectiveness factor with the cylindrical particle can be found in [4-6].  

The recent work from the authors [7, 8] used the analytical expressions for effectiveness 

factor of general catalytic reaction forms in 1D packed bed models. The validity of these 1D 

packed bed models when combined with appropriate closure models for external heat and mass 

transfer in dense packed beds of cylindrical particle motivates the current work.  
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The objective of our work is to evaluate the predictions of gas-solid reaction systems on two 

distinct scales. Firstly, a PR-DNS on a geometry of ~100 densely packed cylindrical particles 

(aspect ratio four; ԑ = 0.468) [9] is used to give insight into the intra-particle diffusion and heat 

transfer phenomenon. Then the 1D packed bed model based on the closure for effectiveness 

factor [6] and external heat and mass transfer [9] is used to approximate this solution at a much 

lower computational cost. The comparison of the results for species concentration and 

temperature variation from both approaches are then documented.  

2 METHODOLOGY 

2.1   PR-DNS Simulation Setup 

 

The realistically packed cylindrical particle bed of aspect ratio four (ԑ = 0.468) is generated 

using discrete element method (DEM) integrated in Star CCM+ 11.02. It is explained in more 

detail in Singhal et al. [9]. Such a geometry obtained is free from wall effects, which has been 

proved in [10]) hence giving confidence in the numerical accuracy of the methodology. The 

geometry is meshed with polyhedral elements with resolution de/30 using FLUENT meshing 

on particle surfaces both inside and outside the particle to account for intra particle diffusion. 

Subsequently a growth rate of 20% is allowed from the particle surface to fill up the void (Figure 

1).  

 

 

Figure 1: A section (y = 0) through the geometry of cylindrical particles meshed with polyhedral elements. 

 

Steady state DNS with SIMPLE algorithm for pressure-velocity coupling and 2nd order 

spatial discretization for solver equations using ANSYS FLUENT is used to provide solution 

to the problem at hand. Steady state DNS is found to be accurate for the type of geometry 

solved, as transient fluctuations in the small spaces are negligible [10]. The final rendered 

geometry has a velocity inlet, pressure outlet and a non-slip condition on the wall. The solid 

particles are considered to be porous (the grain model [11]), where the reaction modelled by 

Eq. (1) takes place. Table 1 describes the simulation parameters used in the DNS.  
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A (g) + B (s) → C (g) + B (s) 
(1) 

 

The reaction rate is defined by Eq. (2) and (3): 

 

𝑅𝑐𝑎𝑡 = 𝛼𝑠𝑘𝐶𝐴 

 

(2) 

                 
(3) 

 

PR-DNS was performed for different combinations of heat transfer resistance (Prandtl 

number) and mass transfer resistance (Thiele modulus). In total, nine combinations of Thiele 

modulus and Prandtl number were used to obtain the results (Table 1).  Different mass and heat 

transfer mechanisms are obtained by varying the molecular diffusivity and thermal conductivity 

of the gas phase using Thiele modulus (Th) and Prandtl number (Pr) definition given in Table 

1. Using an appropriate pre-exponential factor (Eq. (3)), the value for reaction rate constant of 

10000 1/s at temperature 1000 K is obtained. Similarly, a high value for activation energy is 

assumed to create a strong coupling between heat and mass transfer.  

 
Table 1: Simulation parameters for PR-DNS 

Parameters Value 

Eq. Particle diameter (de) (m) 0.001 

Packed bed voidage  0.468 

Particle void  

fraction (internal) 

 

0.3 

Density (kg/m3) Fluid :1  Particles :2500 

Fluid velocity (m/s) 1 

Inlet mole fraction (A) 0.1 

Specific heat capacity (Cp) (J/kg/k) 1000 

Arrhenius constant (k0) (1/s) 1673603814 

Activation energy (E) (J/mol) 100000 

Thermal conductivity (Solid) (W/m.K) 0.1 

Thiele moduli (Th) 5, 10, 20 

Prandtl numbers (Pr) 0.50, 0.75, 1 

Heat of reaction (kJ/mol) 100, 10, 0, -10 

2.2 Thiele Modulus and Effectiveness Factor 

The effectiveness factor and Thiele modulus [12] definition is similar to the previous work 

with spherical particle [8] defined for heterogeneous catalytic gas-solid reactions of first order. 

It is defined as the effect of intra particle diffusion on reaction rate [3, 13].  

 

𝜂 =
actual reaction rate

reaction rate without diffusion limitations
 

(4) 
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𝜙 ≈
reaction rate

diffusion rate
 (5) 

 

2.3   1D Packed Bed Model 

 

An outline of the 1D model setup can be seen in detail in the earlier work of the authors [7, 

8].  The 1D packed bed model domain consists of 100 cells in one direction. The model is 

simulated using a Two Fluid Model approach in ANSYS FLUENT 17.2. The velocity of the 

solid phase in all 100 cells is fixed to zero. Subsequently, the conservation for mass, 

momentum, energy and specie are solved to obtain the solution.  

In the 1D-model approach, appropriate closure models applicable to cylindrical particle beds 

have to be used to account for heat and mass transfer limitations. The closure models for 

effectiveness factor to model intra particle mass transfer limitations are given by Levenspiel 

[3], these closures are modified as suggested by [6], to be now applicable for cylindrical 

particles.  Moreover, the external heat and mass transfer limitations are modelled using the 

closure models developed for cylindrical particles [9]. The effectiveness factor closures 

considered in this work are given below in Eq. (6)-(8): 

 

𝜂 =
1

𝜙
(

1

𝑡𝑎𝑛ℎ(3𝜙)
−

1

3𝜙
) 

(6) 

 𝜙 = 𝑎√
𝑘

𝐷𝑒
     

(7) 

𝐷𝑒 =
𝐷𝜀

𝜏
   

(8) 

  

     The Thiele modulus (𝜙) represents the ratio of kinetic rate to diffusion rate, so higher values 

represent greater mass transfer limitation. The effective diffusivity (𝐷𝑒) is composed of the 

molecular diffusivity (𝐷), the void fraction of porous particles (𝜀 = 0.3) and the tortuosity 

(𝜏 = 1). The correlation for external heat (Pr) and mass transfer (Sc) from Singhal et al. [9] is 

written as shown in Eq. (9). 

 

𝑁𝑢 = (0.81 + 0.0652𝜀−3.55𝑅𝑒0.644𝑃𝑟0.456) 

𝑆ℎ = (0.81 + 0.0652𝜀−3.55𝑅𝑒0.644𝑆𝑐0.456) 

 (9) 

 

The domain dimensions and the boundary conditions are identical to the PR-DNS 

simulations. In addition, the solid volume fraction is set as the mean volume fraction of the 

solid in the PR-DNS domain (0.532) times the solid volume fraction in the particles (0.7).  

3 RESULTS AND DISCUSSIONS 

3.1 Heat and Mass Transfer in Densely Packed Cylinders 

PR-DNS is performed over a range of Thiele moduli (Th 5-20) and Prandtl numbers (Pr 0.5-

1) for a densely packed bed of cylindrical particles of aspect ratio four (ԑ = 0.468). The results 

for typical variation of gas temperature and specie concentration (of specie A) for an 
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endothermic reaction (at dHrxn = 10 kJ/mol) are shown in Figure 2 and Figure 3. Figure 2 shows 

temperature variation over Pr 0.50 to Pr 1 (top to bottom). As the gas thermal conductivity 

decreases, the particle temperature decreases (Pr 1 has colder particles than at Pr 0.50). This is 

due to increase in heat transfer resistance with increasing Prandtl number that limits the influx 

of heat consumed by the endothermic reaction. Also, for a fixed heat transfer resistance (Figure 

2 (right to left)), a lower mass transfer resistance results in colder particles due to a faster 

endothermic reaction.  

 

 

Figure 2: PR-DNS results (plane y= 0) for the temperature variation in the packed bed of cylindrical particles of 

aspect ratio four for different Prandtl numbers (Pr) and Thiele moduli (Th) at dHrxn = 10 KJ/mol. 

    The mass transfer limitations can be seen appropriately in Figure 3. It is evident from Figure 

3 (left to right), that the concentration of specie A inside the particle decreases. This is because 
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of the increase in the mass transfer resistance, i.e. the gas mass diffusivity decreases with 

increase in Thiele modulus. More details are given in the subsequent sections.  

 

 

Figure 3: PR-DNS results for the reactant (A) mole fraction in the packed bed of cylindrical particles of aspect 

ratio four for different Prandtl numbers (Pr) and Thiele moduli (Th) at dHrxn = 10 KJ/mol. 

The effect of heat of reactions (dHrxn) on specie concentration (of A) is shown in Figure 4. Four 

different dHrxn (= 100, 10, 0, -10 kJ/mol) are assessed for the Pr1T20 case, including one 

exothermic reaction. The specie concentration (of specie A) inside the particle decreases as we 

decrease the dHrxn. This is because an exothermic reaction is self-strengthening (faster reaction 

 higher temperature  faster reaction), whereas the opposite is true for an endothermic 

reaction. The exothermic reaction strengthens itself by increasing the temperature, while the 

endothermic reaction extinguishes itself by decreasing the temperature.   
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3.2 1D Model Predictions 

The comparison between the PR-DNS data and the 1D model predictions are presented in 

this section. In the first comparison, the 1D model data is compared with the PR-DNS data for 

bulk fluid specie concentration and temperature (over a range of Prandtl number and Thiele 

modulus). The bulk fluid [9, 10, 14-16] properties are used for PR-DNS data to generalise any 

effect of the location of the planes [9, 10] in the geometry in the calculation of the temperature 

and specie concentration. Secondly, the effect of change in reaction enthalpies are compared. 

Also note that for the 1D model all the heat of reaction source term is implemented in the solid 

phase as suggested in our previous work [8]. 

 

 

Figure 4: PR-DNS results for the reactant (A) mole fraction for (Pr = 1; Th = 20) case. The variation in specie 

concentration with different heat of reactions (dHrxn = 100, 10, 0, -10) is shown from left to right. 

 

3.2.1 Variation of Prandtl number and Thiele modulus 

     Figure 5 shows the axial specie concentration (for specie A) profiles for nine combinations 

of Thiele modulus and Prandtl number. The results agree well with the PR-DNS results 

suggesting that mass transfer limitations are defined with appropriate closures for 1D model. 

Figure 6 shows the axial profiles for the difference between the bulk gas temperature and the 

average particle temperature. The amount of reaction in an endothermic system decreases as Pr 

is increased by decreasing the gas phase thermal conductivity. A lower thermal conductivity 

implies greater gas-particle heat transfer resistance, thereby allowing less heat to enter and 

sustain the highly endothermic reaction.  The temperature variation inside each particle should 

be very small given the solids phase thermal conductivity (Table 1) implemented.  In general, 

good agreement between PR-DNS and 1D results is obtained with a moderate discrepancy at 

Pr = 1.  
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Figure 5: Comparison of axial species  profiles (for 

specie A) between PR-DNS (solid lines) and 1D 

simulations (dashed lines) for different Prandtl 

numbers (Pr) and Thiele moduli (Th) at dHrxn = 10 

kJ/mol.. 

 

Figure 6: Comparison of axial gas-particle 

temperature difference between PR-DNS (solid 

lines) and 1D simulations (dashed lines) for different 

Prandtl numbers (Pr) and Thiele moduli (Th) at 

dHrxn = 10 kJ/mol.
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3.2.2 Variation of reaction enthalpy 

In the previous sections, the heat of reactions used is (dHrxn = 10 kJ/mol) signifying an 

endothermic reaction. In order to monitor the effect of dHrxn on the reactant conversion, three 

additional heat of reactions (including an exothermic reaction) are evaluated for the case 

(Pr1T20) with greatest heat and mass transfer limitations.  

It can be seen from Figure 7 that the 1D model predicts PR-DNS results accurately and the 

reactant conversion increases with a decrease in the reaction enthalpies. In the two cases with 

the fastest reaction rates, the inclusion of the external mass transfer limitation becomes 

important to achieve a good match with PR-DNS results.  

 

 

Figure 7: Comparison of axial species profiles (for specie A) between PR-DNS (solid lines) and 1D simulations 

(dashed lines) for Pr1T20 case and different reaction enthalpies (dHrxn in kJ/mol).  

11 CONCLUSIONS 

This work presented a comparison of particle-resolved direct numerical simulations (PR-

DNS) with 1D packed bed model for a densely packed bed of cylindrical particles of aspect 

ratio four (ԑ = 0.468) in a gas-solid first order catalytic reaction system.  

Existing closures for 1D packed bed model for spherical particles modified appropriately for 

cylindrical particles predicts well against the result for resolved simulations (PR-DNS) over a 

range of Thiele moduli, Prandtl numbers and reaction enthalpies. Recently proposed closures 

for external heat and mass transfer from cylindrical particles were important to ensure good 

performance of the 1D model. Future works will assess whether this good performance is 

maintained in systems with multiple reactions with different reaction orders.  
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