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Abstract

In this work, a CFD simulator has been developed for a novel double loop circu-
lating fluidized bed (DLCFB) reactor which is used for chemical looping combustion
process. The simulator is implemented in an in-house code including the kinetic theory
of granular flow and reaction models. Methane is used as fuel and copper oxide based
particles used as oxygen carrier. The process is configured with an air reactor and a
fuel reactor. The two reactors are modelled and solved by a sequential approach. The
connection between the two reactors is realized through time-dependent inlet and out-
let boundary conditions. The model is validated with the experimental data obtained
in the current work. At a thermal input of 100 kW the methane conversion of 98 % was

achieved. For the cases studied in this work, temperature is the most important factor



for the reactor performance, followed by the gas velocity and methane concentration of
fuel. The increase of the methane concentration could decrease the methane conversion
which is due to the decrease of specific inventory. As the gas velocity is increased, the
residence time and the degree of gas-solid contact decreases, causing a decrease in re-
actor performance. Besides the effect of the single factor, the combination effect of the

gas velocity and methane concentration is also important to the reactor performance.

1 Introduction

Global warming is arguably one of the greatest environmental challenges of the 21st century.
It is recognized that the greenhouse gas emissions, especially the release of CO5 from fossil
fuel combustion, are likely to have been the dominant driver of such warming trend.' Chem-
ical looping combustion (CLC) is an promising technology for COy capture. It provides an
efficient and low cost way for CO, capture because the separation of COj is inherent to the
process 3.

Typically, CLC system consists of two fluidized bed reactors, a fuel reactor (FR) and an
air reactor (AR). A solid oxygen carrier (OC) is oxidized in the AR and reduced in the FR
in a cyclical way. The principle of CLC is shown in Figure 1. In the fuel reactor, the fuel is
oxidized by OC that is induced to MeO,_; (equation 1). In the following step, this oxygen
carrier is re-oxidized to the oxidation state with air in the AR (equation 2) and ready to start
a new cycle. In this way, only CO5 and HyO are presented in the exhaust gas out of the FR,
and after condensation of HyO, pure CO5 steam can be obtained for further processing. The

sum of the two - step reactions (oxidation and reduction) of the CLC process is equivalent

to the direct combustion of the fuel.

(2n 4+ m)Me,Oy + C,Hay — (2n + m)MexOy_; + mH,0 4+ nCO, (1)

1
MeOy_; + 502 — Me, Oy (2)



A double loop circulating fluidized bed (DLCFB) reactor was proposed by SINTEF En-
ergy Research and the Norwegian University of Science and Technology for the CLC process.
The reactor concept is shown in Figure 2a. The objective for this design is to get sufficiently
high fuel conversion, enhance the contact between fuel rich gaseous and OC. The reactor was
designed for operation on methane as fuel gas with maximum thermal input of 150 kW4,
Two circulating fluidized bed reactors are incorporated in the system and connected by cy-
clones, divided loop seals and a bottom extraction. The fuel gas and air are supplied to the
bottom of each reactor. The solid entrained by one reactor will be led into the bottom of the
other reactor. The FR is operated under the turbulent or fast fluidization regime in order
to achieve better gas - solid contact despite the higher gas velocity will results the decrease
of fuel residence time compared with the bubbling bed reactor. This special design also has
the objective of flexible operation as for the oxygen carriers (OCs) and can be applied to
other chemical looping process. The arrangement of the system is compact which is easy for
scale up and operated under higher pressure as a further step.

Computational Fluid Dynamics (CFD) provides an efficient way to evaluate the perfor-
mance of the reactive flow and improve the understanding of fluid dynamic and chemical
process. The first CFD attempt for the CLC was performed by Jung and Gamwo,” fol-
lowed by Deng et al.%" and Jin et al.® Their work proved the capability of CFD method for
modelling the reactive CLC process. But these studies were not validated by experiments.
Mahalatkar et al.? verified capability of CFD method for exploring CLC by comparing the
simulation results and experimental measurements. Up to data, the majority of the CLC
simulation studies available in the literature were forced to the fuel reactor only® 4. Some

1.1 simulated

authors have also carried out the full loop simulation. Kruggel-Emden et a
both reactors by using a dynamic inlet and outlet boundary coupled to the two reactors. 2D
models with full CLC system (including cyclones and looping seals) were developed by Wang

et al.,' Ahmed and Lu,'? Su et al.'® and Banerjee et al.'” and the flow and reaction process

were successfully predicted by their models. Besides the 2D models, the 3-D CLC simulations



combining hydrodynamics and reaction kinetics were performed by Parker'® and Banerjee
et al.'” Much of the CFD work mentioned above are focused on studying the typical CLC
setup with a bubbling bed reactor as FR and a riser reactor as AR. Little attempts %1920
were carried out for other possible configurations.

A simulator has been developed for the CLC process in the DLCFB system in this
study. The model is implemented by using FORTRAN language. Methane is used as the
gaseous fuel and CuO is chosen as OC. The aim of the work including the model validation
compared with the experimental data obtained within the project, and then since the concept
of reactor design of DLCFB is still under development, another objective is to demonstrate
the possibility of the reactor design for CLC process and provide detailed information which
is difficult measured during the experiments. The fluidization regime, flow and reactive

behaviour of gas and solid phase and the influence of operating conditions were investigated

in this work.

2 Pilot unit

2.1 Overview of the CLC pilot unit

The DLCFB system consists of two interconnected circulating fluidized bed reactors as shown
in Figure 2a. Two reactors (FR and AR) are interconnected through particle loop seals that
work as gas locks to ensure that only the particles are transferred between the reactors. The
solid flow out of one reactor could be transported to the other one or circulated back to
the original reactor by utilizing the loop-seals. The AR riser has higher particle transport
capacity compared to the FR riser because of higher flow area and higher gas volume flow.
Therefore, a share of the particles need to go through the bottom extraction (lifter) back
to the AR in order to bring as much particles back to AR as the AR brings to the FR. Up
to a certain fuel power we can either operate the FR in CFB regime, feeding all particles

upwards in the FR, or in the turbulent regime, feeding the particles through the lifter back



to the AR.

Both reactors are 6 m tall with an internal diameter of 0.23 m for the AR and 0.154 m for
the FR. The reactors are heated up by hot air and fuel that are introduced into the particle
beds, and pilot burners are mounted above the bed to ensure safe ignition of the injected
fuel. During the CLC operation, the reactor temperature is controlled by adjusting the air
preheat temperature to the air reactor. The system is designed for operation on methane as
fuel gas at a maximum fuel power of 150 kW.

The system has two Teledyne 7500 IR gas analyzers measuring the CO, CO, and CHy
concentration in the exhaust from of the two reactors. The oxygen concentration in the
exhaust of the AR is collected by using Gasmet DX400 portable FTIR gas analyzer with an
oxygen measuring cell. The local pressures are collected by pressure transducers which are

installed along the reactor.

2.2 Test conditions

In the experiment, a Cu based OC was used because of its high reactivity, high transport
capacity and low toxicity towards human beings?!. The copper oxide impregnated on a
commercially available v -alumina support with a CuO content of 14.7 wt%. The particle
density is 1700 kg/m® and the median diameter is 149 um. The particle porosity is about
53 %.%2

Before the experiment started the reactor system was filled with a certain amount of OC.
Thereafter followed a heat-up sequence for about 5 hours using the air pre-heaters and the
fuel gas lances in each reactor. When the reactor temperatures were above 1073 K, the pilot
burners, the loop seals and lifter was shifted from air to CO5 in order to achieve full CLC
model. After the reactor system was in full CLC model, the fludization gas was shifted to
nitrogen for the rest of the experiment.?® The experimental results which used in the model
validation section (5.2) are obtained by averaging 30 minutes when the system showed a

stable performance after the fluidization gas was switched to nitrogen.



3 Computational model

3.1 Fluid dynamics model

A mathematical model for describing two - phase flow has been applied for investigating the
behaviour of the gas and solid phase within the DLCFB reactor. An Eulerian approach is
adopted with constitutive relations for the solid phase momentum transport based on the
kinetic theory of granular flow (KTGF)..?*2" The governing equations of the two phases
are listed in Table 1. The standard x — ¢ turbulence model, listed in Tables S1 and S2, is
used for describing the turbulence phenomena of the gas phase?’. In the KTGF a granular
temperature, O, is introduced for deriving the solid pressure and viscous stresses in order to
closure the averaged model. Another important closure is the gas - solid drag force, which
is the dominant force accounting the momentum exchange and driving the solids flow. In

128 is used. All the closure equations are listed in

this study McKeen and Pugsley mode
Tables S3 and S4. The temperature is controlled within a narrow range by adjusting the air
preheat temperature to the AR, thus the energy balance equations were not incorporated.
The fluid dynamics model described above have already been validated in the previous

publications. 2%:3

3.2 Reaction kinetics model

The OC is important for the CLC and several conditions are needed to be satisfied, such as
highly reactive for the desired reactions, high oxygen transport capacity, mechanically stable
over a large number of cycles under fluidization and relatively cheap. The OC used in the
simulation is Cu-based particle as described in section 2. At the present temperature levels
it is anticipated that the redox system will be CuO - Cu®'. The reactions in the FR may
include reaction (3)-(8). In this study, the reaction (3), (6) and (7) are simulated in the FR,

as suggested by Abad et al.32. One step reaction is simulated in the AR, equation (9):



CuO + CHy — CO + 2H, + Cu (3)

3Cu0 + CH; — CO + 2H,0 + 3Cu (4)
CH; — C + 2H, (5)
C + H,0 — CO + H, (6)
CO 4+ CuO — COy + Cu (7)
H, + CuO — H,0 + Cu (8)
2Cu + Oy — 2Cu0 (9)

The shrinking core model (SCM) was applied for the OC used in this study. Several
studies®?3* found that the reactions were controlled mainly by chemical reaction whilst gas
film and ash layer resistance were negligible. In the simulation, the OC is characterized by
uniform particles of constant diameter. The density of solid will be updated in accordance

with the gas and solid mass transfer. The reaction model is:3%34

t
X =- (10)
T
where X is the degree of conversion, 7 is the time for complete conversion of the carrier

and is calculated from:

Tg

== 11
bV kC™ (11)

T

where C,n,v,r, and Vs represent the gas concentration, order of reaction, stoichiometric
factor, mean radius of the grains, and molar volume, respectively. The reaction rate constant

k is expressed by:

k = koexp(—E/RT) (12)



where kg is the pre-exponential factor of the rate constant, also known as the frequency
factor. E is the activation energy, R the ideal gas constant, (R = 8.314J/mol'K™!).

The reaction rate of equation (3) - (6) is expressed as follows:

PM dX)

—T)i = AsWCu u | 7 7, 13
(=7 = awscuoren (215 (13

where i, ag, w and py; represent the ith reaction, solid volume fraction, CuO/Cu mass
fraction and molar density. The detailed kinetic parameters are listed in table 2.32:34

The source term in the species mass balance equation for the 7 th species can be modelled

by:

F;) = l/ij’/’ (14)

4 Interconnected reactor model and numerical consid-

erations

4.1 Computational domain

The chemical looping combustion process is simulated by utilizing the DLCFB system as
described in Section 2. The 2D plane geometry is chosen for the simulation of the fuel and
air reactors, which is shown in Figure 2 (b), having the same dimensions as the experimental

setup.

4.2 Numerical implementation of the coupling between the reac-

tors

For the calculation, two different sets of coordinates and parameters are adopted to solve

the governing equations for the AR and the FR respectively. The exchange of the solid flow



between the reactor units is realized through the time-dependent inlet and outlet boundary
conditions, which is outlined below.
The total solid flow rate at the outlet of AR (1ot ar) and FR (rou rr) are calculated

as:

mout,s,AR = aspsvsA|out,AR (15)

mout,s,FR = aspsUsA|out,FR (16)

Since the AR riser has higher particle transport capacity compared to the FR riser, a
share of the particles need to go through the lifter back to the AR in order to bring as much

particles back to AR as the AR brings to the FR. The solid flow through the lifter is defined

as ms,lifter .

Mg lifter = Mout,s,AR — Mout,s,FR (17)

The inlet solid flow of the AR is the sum of the FR outlet solid flow 7oy s rr, lifter flow

M jirer ad the change of gas flow rate across the AR Arig ag.

min,s,AR = mout,s,FR + ms,lifter + Aﬁlg,AR (18>

min,S,FR - mout,s,AR - ms,lifter + A'ﬁ’Lg,FR (]-9>

The inlet solid condition (wcuo) of one reactor is set equal to the outlet solid condition

of the other reactor:

wCuOlin,AR = Wcuo |0ut,FR (20)

wCuO'in,FR = wCuO|out,AR (21)



The solution algorithm applied in this work is sketched in the Figure S1. With the
input data and the estimation of coupling quantities, the FR is calculated first. In the FR
calculation step, all variables inside the FR are obtained including the coupling quantities,
for example the solid concentration, velocity and species mass fraction at the FR outlet.
The AR calculation procedure is same as the FR except the inlet boundary conditions are
determined in the FR step. After finishing the AR calculation, the results will update the
FR boundary condition again. So the flow and reactive processes of the two reactors are
simulated by a sequential approach. After a full loop is finished within the current time step,

another computation loop for the next time step will run repeatedly.

4.3 Initial and boundary conditions

No fluidized gas is applied initially and the particles are in still state with oy = 0.6. The
pressure drop across the gas distributor is assumed high enough, so the gas is supplied to
the reactor inlets uniformly when ¢t > 0. The solid flow feeding to one reactor is in line
with the solid flow at the reactor outlet. For wall boundary condition, partial slip boundary

" is used for solid phase and no-slip condition for gas phase. The normal velocities

condition?
against the walls are equal to zero.

At the inlet, Dirchlet boundary condition®® is used for scalar variables except pressure.
For other boundaries, Neumann condition®® is used. A fixed pressure is specified at the outlet

and Neumann conditions are adopted for other boundary condition of pressure correction

equation.

4.4 Numerical consideration

The model equations described in section 3 are discretized over a staggered grid arrangement
with Finite Volume Method (FVM). The algorithm used in this study is inspired by the work
by Lindborg,®0 Chao3” and Jakobsen.?” The second order central differential scheme is used

38,39

for the diffusion term discretizing. A TVD scheme is adopted for the convention term
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discretizing, which gives higher order accuracy as well as the lower oscillation. For solving
the coupled velocity and pressure, SIMPLE algorithm is widely used for the multiphase flow
simulation. The pressure correction equation developed by Jakobsen?” is used for solving the
reactive two - phase flow. The discretized linear equations are solved by BCG algorithm. 3¢

Since the reaction could be highly coupled with the species concentration and transport
phenomena, special treatment is needed for solving the species mass balance especially for
the fast reactions in which the species concentration can change dramatically. In this content,
simultaneous, implicit treatment of transport- and reaction terms could be a natural choice.
However such an approach would lead to very large systems of stiff, non-linear equations,
whose solution would require excessive memory and computational costs. Thus, a fraction
step method, which has been used successfully in solving the reactive two-phase flow, is used
in this study. In this method, the species mass balance is integrated by additively splitting
the equation into one flow part and one reaction part, respectively. These are sequentially
integrated using the implicit Euler scheme. In the first step, the flow part is solved using

the standard FVM:

ag"p" * n n NN x n_n e *
/ Tt(wkz,j — wy;)dv = —/ V- (o pi 0wy ;) dv — / V- (g pr Dy Vg ;)dv (22)
AV AV AV

Afterwards, in a second step, the chemical reactions are solved by:

a"pr” . w \n
[ ey i ae = [ ta (23)
AV AV

The resulting set of algebraic equations is then solved using a Broyden subroutine®.
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5 Results and discussion

The first part of this section presents the resolution study and the validation of the model.
Then numerical experiments have been performed in order to explore the chemical process
performance of CLC in the DLCFB reactor. The reactors geometric, solid property and
operating conditions are shown in the Table 4. Simulation parameters are listed in Table 5.

All simulations were run for 20 s and the results were averaged from 15 s to 20 s.

5.1 Resolution study

Choosing the optimum grid resolution is a non-trivial task for CFD studies. If larger grid
sizes are used, the model may not capture the fluid dynamics and reaction kinetics occurring
within the reactor accurately. Three different resolutions (0.015 m x 0.005 m, 0.0075 mx
0.005 m, 0.006 mx 0.005 m) were used for the calculation domain. For comparison, axial
distribution of the solid hold-ups with the three grid resolutions are shown in Figure 3. It
can be seen that the distribution of solid hold-up predicted by coarse gird is more homo-
geneous compared with other grid sizes. That is because when coarse grid was used, the
different structures inside the fluidized beds are not properly resolved which results in the
overestimation of the inter-phase momentum exchange.

In order to quantify the influence of grid resolution on chemical reactions, the axial
distribution of methane (FR) and oxygen (AR) were also examined, as shown in Figure 4.
The reactive performance on the AR side is not sensible with the grid size, which is due
to the high reaction rate of oxidation and almost compete conversions were achieved in all
cases. On the FR side, coarse grid under-estimated the reaction rate of reduction and the
difference of results between the medium- and fine resolution is much lower. Considering
the simulation time and the numerical accuracy, medium grid was chosen for the further

simulations.
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5.2 Validation of the coupled CFB model

In this section, the validation of the model was performed by comparing the simulation
results and the experimental data within the project. The initial inventory for the simulation
is estimated from the pressure drop obtained from the experiments.

Figure 5 depicts the pressure curve along with the height in the FR and AR respectively.
Generally, the CFD calculation gives good agreement with the experimental data for both
reactors. There are some discrepancies occurred in the lower part of the reactors. One
possible reason for the deviation might due to the simplification of the inlet gas distribution
of the simulation, which is not in line with the experiments. Another possible reason of the
differences might due to the inventory used in the simulation is somewhat lower than the
experiments. As mentioned above, the solid inventory in the simulation is estimated from the
experimental pressure date along the whole reactor. However the first pressure transducer
in the FR is placed 0.35 m above the gas distributor, which means the solid existed under
the first pressure transducer is missing in the simulation. The missing particle could be
approximated by the pressure drop between the first pressure tap above the gas distributor
and the first one below the gas distributor. But this pressure drop also includes the pressure
drop caused by the gas distributor, which is difficult to be estimated.

Axial distribution of different gas species and the corresponding dry gas compositions at
the outlets of the two reactors are shown in Figure 6. It can be seen that the concentration
of CHy and Oy are decreased with the height of the reactors. The intermediate products,
Hs and CO, are maintained at low concentration since they disappear faster than they are
generated. The outlet concentrations of different components show reasonable agreement
with the measurements despite a over-prediction with the CH4 and O conversion. This can
be explained as the CuO used in the current study is slight different from the literature,3?34
which would lead to a certain amount of uncertainties of the kinetic parameters. The reactor

performance can be characterised by CH,4 conversion, which expressed as:
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NCHy,out
XCH4 =1~ .—4,011 (24)
NCHy,in

in which ncp, is the CHy molar flow at the inlet or outlet. The methane conversion in the
experiment and simulation was above 98 % when the thermal input is 100 kW. At the same
time, the specific fuel reactor inventory from the experiment was just about 100 kg/MW,

which is lower compared to data found in the literature.

5.3 The characteristics of hydrodynamics and chemical process

Gas and solid flow behaviour of the fluidized bed reactor are highly related with the flow
regime. In order to analysis the flow regime of the reactors under certain condition, the
probabilistic averaging approach is used. The probabilities of the fluidized bed reactor oper-
ated under entrain flow regime can be calculated by imposing a probability density function
(PDF), utilizing the transition velocities and the uncertainty associated with them. A normal

distribution presented by*' was used in the present work.

1.7U* = U*
Py = P(U* > U7) =1—[1+ exp(—%)]1 (25)
1.7(U* = U?
Pfast - P(U* > U;) - [1 + eXp(_%)]_l (26)
Prury = 1= Prast — Poubp (27)

The regime transition velocities and corresponding standard deviations are listed in table
3. As shown in Figure 7a, the FR is operated under the turbulent fluidization when the
thermal input is 100 kW, but the possibilities are different along with the height. For
example, there are some possibilities of being in bubbling bed at the lower part of the FR;
whereas at the upper part of the reactor, the flow has the trend of being in the fast fluidization

regime. This is because the additional gas production by CH,4 oxidation (one mole of CHy
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input gives three mole gas of COs and H5O output) which will increase the gas velocity of
the FR, as shown in Figure 8b. When looking at the Figure 7b, it can be observed that the
AR is more likely operated in the turbulent fluidization regime, similar with FR. But the
possibility of being under the fast fluidization in the AR is much higher than the FR side,
which is because the gas velocity in the AR is higher than the FR.

Figure 8a shows the solids concentration versus the height of the two reactors. Two
regions, the bottom dense region and the dilute region, can be observed for both reactors.
The transition zone in the AR is smoother compared with FR. The axial distribution of the
gas velocity and the gas density are displayed in Figure 8b and Figure 8c, the gas density
in the FR increase along the reactor due to the production of heavier gas (CO5 and H50).
On the contrary, the gas density and velocity in the AR decrease because the consumption
of Oa,.

Figure 9 illustrate the 2D distribution of CHy, CO,, Hy in the FR and O, in the AR.
The unconverted CHy is higher in the core region than near the walls, which is due to the
core-annulus particle distribution. The reaction rate near the wall is enhanced, which results
lower methane concentration. The opposite trend can be observed when looking at the COq
distributions. As intermediate products, Hy concentration increases near the inlet and then
decreases with the height of the FR. Regarding the O, distribution in the AR, more uniform

radial distribution can be observed.

5.4 Effect of operation conditions

The simulations were designed and processed using the experimental design procedure known
as factorial design.? Such a design allows for the statistical quantification of the significance
of the effect that each independent variable has on each dependent variable and also describes
the effect of two or more factors. Four factors, gas velocity of FR, temperature, methane
concentration of fuel and air to fuel ratio, were selected for the simulations. Table 6 summa-

rized the simulation matrix. The dependent variable of X¢y,, indicating the performance of
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CLC, was also included in Table 6.

The analysis of variance (ANOVA) is reported in Table 7. In the ANOVA, p-value is
an indicator for determining the significance of a factor. It denotes the chance of observed
result occurs by assuming the null hypothesis is true. Low p-value, normally smaller than
0.05, will reject the null hypothesis and the corresponding factor is believed to be statis-
tically important. The main effect plot for CH, conversion and the normal plot of effects
corresponding to the ANOVA are shown in Figures 10 and 11. The significant factors are
those that deviated from the linear line. The results show that the temperature (B) has the
largest influence on the reactor performance within the testing cases, followed by the gas
velocity in the FR (A) and methane concentration (C). Temperature has the positive effect
on the methane conversion, whereas the gas velocity in the FR and methane concentration
of fuel have negative effect. Besides that, the effects of combination factor of AC are also
significant for the reactor performance.

The positive effect caused by temperature can be explained by reaction model (equation
10 - 13). The higher temperature will increase the reaction rate and improve the reactor
performance. Simulation above 1120 K was not performed since the observed attrition effect
of the particles caused by high temperature*® was not considered in the mathematics model.

A higher methane concentration produces an increase of the CH, molar flow when the
gas velocity is maintained. That means the thermal input is increased (e.g. from 92 kW in
case 6 to 147 kW in case 7), thereby the ratio between the fuel and the OC increased and the
specific fuel reactor inventory is decreased. That is the main reason for the decrease of the
CH, conversion. So it is clear that an increase in methane concentration has to be balanced
by a decrease in fluidization velocity in order to keep the reactor performance.

For the effect of gas velocity, the reason for the negative effect on the reactor performance
is because the higher gas velocity decrease the fuel residence time. Figure 12 also shows the
regime possibility in FR is changed when the gas velocity increased. When the gas velocity

increase from 2 m/s (case 11) to 3 m/s (case 12), the fluidization regime in upper part of FR

16



changed from turbulent regime to fast fluidization regime. When look at the OC conversion
in Figure 14, higher velocity (case 12) results lower OC conversion. However, since the
gas velocity increased, the solid circulating rate is also increased, that might have somehow
positive effect for the reactor performance. On the AR side, since the air to fuel ratio is
maintained, when the gas velocity of the FR increased, the gas velocity in the AR is also
increased, that will driving the AR to the fast regime completely, as shown in Figure 13.
Therefore as the gas velocity increases, the fuel residence time and the degree of gas-solid

contact will decreases.

6 Conclusion

This study investigated the performance of CLC process in a novel DLCFB reactor by using a
simulator which is developed by FORTRAN. Methane was chosen as fuel and porous copper
oxide based particles was used as oxygen carrier. The model predicts reasonable results
compared with the experimental data obtained within the project. The conclusions based

on the simulation experiments are listed below:

e The reactive performance in the AR is not sensible with the grid size, which is due to

the high reaction rate. Fine grid gives higher conversion on the FR side.

e At a thermal input of 100 kW, both reactors are operated in the turbulent regime
and the methane conversion of 98 % was achieved. At the same time, the specific fuel
reactor inventory was just about 100 kg/MW, which is lower compared to data found

in the literature.

e Temperature has the largest influence on the reactor performance under the current
conditions, followed by the gas velocity and methane concentration of fuel feeding to
the FR. The effect of combination of gas velocity and methane concentration is also

significant for the reactor performance.
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e The increase of the methane concentration of fuel could decrease the specific inventory,
which is the main reason for the negative effect of the pressure. The effect of gas velocity

is due to the transition of flow regime and the resident time of the fuel.

e The turbulent fluidization regime gives a better CLC performance for the DLCFB
reactor, which is due to the better contact between the OC and methane compared

with the fast fluidization regime.
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Nomenclature

Roman Symbols
Symbol Description Unit

A cross-sectional area m
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Cla 027 Cb) O/L
ds
D..

Jt

Dy, ;

stoichiometric factor

gas concentration
turbulence model parame-

ter

particle diameter

binary diffusion coefficient

diffusion coefficient for com-

ponent j in phase k

activation energy

coefficient of restitution

radial distribution function

reaction rate coefficient

gas turbulent kinetic energy

mole mass

reaction order

probability of being in
regime j

pressure of phase k

Prandtl number

gas constant

reaction rate

radius of a grain

Reynolds number
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mol/m?

m?/s
m? /s

kJ/mol

mol! ~"m3" ~2 /s
m? /s

kg /kmol

Pa

Pa

J /mol /K

mol/m3 /s



U*

U*

se

Vi

Ll

Greek Symbols

Symbol

particle Reynolds number

turbulent kinetic energy

production

temperature

time
dimensionless  superficial

gas velocity

normalized transition veloc-
ity from bubbling to turbu-

lent fluidization

normalized transition veloc-
ity to fast fluidization

molar volume

conversion

mass fraction of j

axial coordinate

unit tensor

mass How rate

gravity acceleration

interfacial momentum

transfer of phase k

velocity of phase k

Description
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kg/ms?

m? /mol

Unit



Vs

Ks

PM

g

Subscripts

Symbol

volume fraction of phase k

stress tensor of phase k

turbulent stress tensor

inter-phase momentum

transfer coefficient

interfacial mass transfer

rate

collisional energy dissipa-
tion
conductivity of granular

temperature

thermal conductivity of

phase k

viscosity of phase k

stoichiometric coefficient

mass fraction

density

molar density
time for complete solid con-

version

granular temperature

turbulent energy dissipation

rate

Description
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N/m?
N/m?

kg/m?3s

kg/m3m

J/m3s

kg /ms

m? /s

kg/ms

kg /m?

mol /m?

m? /s

m? /s

Unit



AR/FR

bubb

fast

m

lifter

out

turb

Superscripts

Symbol

dilute

max

air reactor or fuel reactor
bulk

bubbling fluidization regime
fast fluidization regime
reaction number

inlet

gas(g) or solid(s) phase
lifter

minimum fluidization
outlet

turbulent

turbulent fluidization

regime

Description
initial
dilute
effective
molecular

maximum
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Table 1: Governing equations

Continuity equation for phase k (k = g, s)

0 >
a(akpk) + V- (ppVr) =T

Momentum equation for phase k (k = g, s)

a — —> — = 7 — v
&(akpkvk)—}—v-(akpkvkvk) =—apVp—V-apTy + Mg+ agprg + T

Species mass balance for phase k (k = g, s)

8 -> e w
a(akpkwk,j) + V- (apr Vikwr,j) = V - (awpr Dy, jVwy ;) + T ;

Gas turbulent kinetic energy equation

ot

Gas turbulent energy dissipation rate equation

9 S N 1
i (Qgpgky) + V- (gpghkyVg) =ag(—Tt : VU4 + S) + V- (agkag) — QgPgEyg
g

t 2

9 - €9/ = . o= iz €
a(agpgsg) + V- (agpgegUy) :agclkl(_Tt VUG +8)+ V- (ag?ngg) - agpgc?,f
g € g

Granular temperature equation

3]0 — = —
3 | 57(@sPsOs) +V - (@sps®iVs)| = =T : VU + V- (5,V0;) = 360, — s

Table 2: Kinetic parameters3?34

CH,4 Hy Cco 0,
b 4 1 1 2
Tg 14%x107% 14x107% 14x107% 23x1071°
ko (mol'm3n~2s1) 480 1.54x107% 221 x107* 4.7x1076
E(kJ/mol) 106 20 11 15
n 0.5 0.5 0.8 1

Table 3: Summary of correlations for regime transition velocities*!

Regime boundary correlation Normalized standard deviation
Re, = 0.74Ar%-426 or=0.29
Reye = 1.68Ar0-469 o =045
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Table 4: Main geometric and operating parameters

Description Unit Value

Reactor geometry

AR height m 6

AR diameter m 0.23

FR height m 6

FR diameter m 0.154

Particle properties

Mean particle size pwm 149

Particle density kg/m? 1700

Active CuO content % 14.7

Operational condition

Operating pressure atm 1.0, 2.0

Lower heating value of fuel MJ/kg 50

Inlet composition of FR — 25 % CHy, 75 % Ng
— 40 % CHy, 60 % Ny

Temperature in FR K 1000, 1100

Temperature in AR K 1000, 1100

Global air-fuel ratio — 1.1,14

J
@

Table 5: Important model inputs

Description Unit Value

Grid size m 0.01x 0.005
Gas viscosity kg/ms 1.82 x 107°
Sphericity of particle — 1
Restitution coefficient of particles — 0.99

Initial bed height of FR m 0.65

Initial bed height of AR m 0.75

Time step s 1.0 x 1074

MeOy.1+(1/2) O;

'

Me,O,,

Me,O, .,

5
N

(2n+m)Me,Oy+CrHzm

Me, O

N2,0

(2n+m)Me,Oy.;+mH20+nCO;

CO,,HO

Figure 1: Schematic process diagram of CLC.
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Depleted CO; and Steam

Air *

Air Reactor
Fuel Reactor

Bottom
extraction/lifter

tH

Air Methane
(a)

Air ’ CO; and Steam
mout,s,AR m out.s.FR
wCuO out,AR a)CuO Iout.FR

S

—

S ks

k) @©

(&)

o (O]

[} 0

o o

= =

< L.
min:s:AR min,s,FR
a)CuO |in,AR * * ms,lifter *’ wCuO |in,FR

—tt CH,

Air

(b)

Figure 2: (a) Sketch of the double loop circulating fluidized bed reactor. (b) Schematic of
the 2D computational domain
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— coarse grid ——coarse grid
— medium grid —— medium grid
ST fine grid ST fine grid
41 41

Reactor height [m]
w

Reactor height [m]
w
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1t 1t
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o 1 1 —1 0 1 1 !
0 005 01 015 0.2 0.25 0 0.05 0.1 0.15 0.2 0.25
Solid hold-up [-] Solid hold-up [-]

(a) (b)

Figure 3: Influence of grid resolution on numerical results (a) FR solid hold-up. (b) AR solid
hold-up
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Figure 4: Influence of grid resolution on numerical results (a) Methane axial distribution.
(b) Oxygen axial distribution
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— Simulation — Simulation
® Experiment ® Experiment
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Figure 5: Comparison of pressure profiles between simulation and experimental results.

34
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w \ O2 in AR
0 | ~ | | 10_2 Il Il Il Il
0 0.1 0.2 03 0.4 05 CH, CO CO, H, 0O
Gas species concentration [-] Gas species
(a) (b)
Figure 6: Chemical reaction validation.
Table 6: Simulation matrix
Case Gas velocity (m/s) (A) Temperature (K) (B) CH4 concentration (C) Air to fuel ratio (D) Xcn,
1 2.0 1000 0.25 1.1 0.77
2 3.0 1000 0.25 1.1 0.46
3 2.0 1100 0.25 1.1 0.99
4 3.0 1100 0.25 1.1 0.72
5 2.0 1000 0.40 1.1 0.56
6 3.0 1000 0.40 1.1 0.41
7 2.0 1100 0.40 1.1 0.87
8 3.0 1100 0.40 1.1 0.70
9 2.0 1000 0.25 1.4 0.77
10 3.0 1000 0.25 1.4 0.49
11 2.0 1100 0.25 1.4 0.99
12 3.0 1100 0.25 1.4 0.81
13 2.0 1000 0.40 1.4 0.57
14 3.0 1000 0.40 1.4 0.42
15 2.0 1100 0.40 1.4 0.90
16 3.0 1100 0.40 1.4 0.74
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Figure 7: Regime probability (a) FR. (b) AR.
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Figure 8: Axial distribution. (a) solid hold-up. (b) gas velocity. (c) gas density.

Table 7: ANOVA analysis

Gas density [kg/m 3]

Effect Degree of freedom  Sum of squares (%) p-value
A 1 16.99 0.000
B 1 33.18 0.000
C 1 4.37 0.000
D 1 0.22 0.082

AB 1 0.03 0.434
AC 1 0.92 0.007
AD 1 0.12 0.168
BC 1 0.03 0.057
BD 1 0.08 0.226
CD 1 0.00 0.869

Error 5

Total 15
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Figure 9: 2D distribution of gas component (a) CHy. (b) CO,. (c¢) Hy. (d) Oa.
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Figure 10: Main effect plot for CH4 conversion
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39

Air to fuel ratio




N

Reactor height [m]
w

N

_— Probbubb _— Probbubb
_— Probturb sl _— Probturb
Prob ast Prob ast
4t

Reactor height [m]
w

N
T

1 L
Casell,FR Casel2,FR
1 1 1 L O 1 1 1 1
0.2 0.4 0.6 0.8 1 0 0.2 0.4 0.6 0.8
Regime Probabilities, P [-] Regime Probabilities, P [-]

(a) (b)
Figure 12: Regime probability in FR (a) Case 11. (b) Case 12.
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Figure 13: Regime probability in AR (a) Case 11. (b) Case 12.
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